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Chemical-Looping Combustion of coal using ilmenite as oxygen-carrier

Ana Cuadrat, Instituto de Carboquimica (ICB-CSIC)

Abstract

Chemical-Looping Combustion, CLC, is a promising combustion technology with
inherent capture of the greenhouse gas CO: at low cost for fossil-fuelled power units. In
CLC the oxygen from air is transferred to the fuel by a solid oxygen-carrier that circulates
between two interconnected fluidized-bed reactors: the fuel- and the air-reactor. Thus, the
direct contact between air and the fuel is avoided and CO: is obtained in a separate stream
from N2 in air. In the application of CLC for solid fuels, the oxygen-carrier oxidizes the
products of the fuel gasification, which can be carried out ex-situ or in-situ the CLC
system. The process where coal gasification takes place in the fuel-reactor is here called in-
situ gasification Chemical-Looping Combustion, iG-CLC. The spent oxygen-carrier is
transported to the air-reactor where it is oxidized by air, being ready to start a new cycle.

The CO: capture efficiency depends on the char conversion in the reactor.

This study is focused on the development and assessment of the feasibility of the CLC
process for solid fuels, using ilmenite as oxygen-carrier. Ilmenite, a natural mineral

composed of FeTiO:s, is a low cost and promising material for its use on a large scale in

CLC.

The performance of ilmenite in the iG-CLC technology for solid fuels was studied from
the smaller to the larger scale. The reactivity of ilmenite with CH4, H> and CO as the main
products of coal devolatilization and gasification under different operating conditions of
temperature and gas concentration was analyzed in well-defined conditions in TGA and
fluidized bed reactor in batch mode. Although initially ilmenite particles present a rather
low reactivity, ilmenite was found to undergo an activation process in its reaction rate,
whose final value is adequate for the use of ilmenite in iG-CLC. The reaction kinetics of

ilmenite for the main reduction and oxidation reactions were determined. The chemical



and physical changes of ilmenite after many redox cycles, as well its fluid-dynamic behavior
in fluidized beds were studied in batch fluidized bed reactor. No agglomeration problems
and adequate attrition rates were found. The char gasification kinetics of El Cerrejon
bituminous coal was determined, and furthermore the char gasification process in presence
of ilmenite particles was evaluated in batch fluidized bed reactor at different temperatures
and H>O-CO: mixtures as gasification agents, since the gasification rate was found to

increase in presence of the oxygen-carrier.

The process performance was studied in continuous testing with different coals from
lignite to anthracite in a 500 W and a 10 kWu facility. The effect of several operation
parameters on the performance of iG-CLC process was analyzed. Thus, different
experiments were carried out by varying the fuel-reactor temperature, the coal particle size,
the solids recirculation rate, the coal feeding flow, and the flow and type of gasification
agent. There are unburnt gases that get out of the system, which were found to come from
the volatile matter, because they have poor contact with the oxygen-carrier bed. To get
high carbon capture it is necessary to work at high fuel-reactor temperatures, desirably

above 950°C, and to have enough residence time to increase the extent of char gasification.

The feasibility of application of the iG-CLC technology with fuels of different rank was
proven. Furthermore, the effect of the type and characteristics of the solid fuel was
assessed. It was found that higher carbon captures are obtained with coals of lower rank
which are more reactive and gasify faster. Using H2O as gasifying agent is desirable to
enhance char conversion in case of most types of coals. The use of some using CO: is
admissible, depending on the resulting gasification rate with CO: with the fuel used. Big
differences in carbon capture were found depending on the coal. At 900°C and with an
average residence time of the solids of 14.4 minutes and steam as gasification agent, the
carbon capture obtained were 90% for lignite, 48% for bituminous Colombian coal, 54%
for bituminous South African coal and 29% for anthracite. The corresponding combustion
efficiencies in the fuel-reactor were in all cases above 70% and at 950°C with bituminous
Colombian coal, a combustion efficiency as high as 95% was reached with an inventory of
3100 kg/MW.n. For all types of solid fuels the combustion efficiency can be increased when

working at high temperatures and high inventories. The influence in the process of
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limestone addition was also studied and a slight improvement in the gas conversion could
be seen after limestone addition, which can be explained by limestone catalyzing the Water

Gas Shift reaction.

To predict and optimize the iG-CLC process, a simplified model based on mass balances
and kinetics of the reactions involved in the process was developed. The performance of
the iG-CLC process considering El Cerrejon bituminous coal as fuel was analyzed as a
function of the main operating parameters such as the fuel-reactor temperature, the solids
inventory in the fuel-reactor, the oxygen-carrier-to-fuel ratio, or the gasification agent to
fixed carbon ratio. It was found that it is highly beneficial to increase the solids inventory
up to 1000-2000 kg/MW:m, but further increase gives no relevant improvement. Because of
the low char gasification rate, to get high carbon capture efficiency, a carbon separation
system should be implemented to separate unconverted char and recirculate it back to the
fuel-reactor. To have a high efficient carbon separation system was found to be
determining for the process and can lead to carbon capture values above 90%. The contact
of the volatile matter with the oxygen-carrier should be improved with some design
solutions. Besides, the implementation of a second fuel-reactor is proposed as a very
promising option to fully burn the volatile matter and besides to avoid another oxygen

polishing step.

On the whole, the good results confirm the feasibility of the iG-CLC technology with
solid fuels and that ilmenite appears to be a suitable material to be used for solid fuel
combustion, considering its chemical and physical properties, its lack of toxicity and low

market cost.

Keywords: CO: Capture, Chemical-Looping Combustion, ilmenite, coal, oxygen-carrier.
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1 Introduction






1.1 Greenhouse effect and CO: mitigation

According to the IPCC (IPCC, 2007), “warming of the climate system is unequivocal”,
considering that eleven of the recent years (1995-2006) rank among the twelve warmest
years in the instrumental record of global surface temperature since 1850. It is also clear
that climate change can strongly modify the earth biodiversity (IPCC, 2002). Among the
possible causes, it seems that most of the warming observed over the past 50 years is
attributable to human activities, as a consequence of the gases emitted to the atmosphere,
the so-called greenhouse gases (GHG) (IPCC, 2001). Among them, CO: is considered the
gas making the largest contribution to the global warming, because CO: represents the
largest emissions of all the global anthropogenic GHG emissions, with percentage values as

high as 75% (Archer, 2005), and due to its high residence time in the atmosphere.

The CO:2 concentration in the atmosphere has increased strongly over the few past decades
as a result of the dependency on fossil fuels for energy production. The global atmospheric
CO: concentration increased from a pre-industrial value of about 280 ppm to 390 ppm in
2010 (NOAA-ESRL, 2010). To assure the increase in average temperatures was lower than
2 °C -which it is considered as the limit to prevent the most catastrophic changes in earth-
the CO: concentrations must not exceed 450 ppm. Therefore, it is generally accepted that a
reduction in emissions of greenhouse gases is necessary as soon as possible. In 1997, the
nations participating in the United Nations Framework Convention on Climate Change
drafted the historic agreement known as the Kyoto Protocol (United Nations, 1998). After
ratification in 2005, its provisions include a mean reduction in the GHG emissions of the

developed countries of 5.2% over the period 2008-2012 compared to 1990 levels.

As for the IPCC, the largest growth in global GHG emissions in the last years has come
from the energy supply sector. Energy from fossil sources -gas, oil and coal-, which cause
CO: emissions, will still satisfy over 80% of the demand during the first part of the 21st
century. Furthermore, IEA predicts 57% increase of energy demand from 2004 to 2030

(IEA, 2007). Fossil-fueled power units are responsible for roughly 40% of total CO:



emissions, coal-fired units being the main contributor (Carapellucci and Milazzo, 2003).
Unfortunately these energy sources will not yet be ready to be substituted massively in the

near future (IEA, 2007).

The abatement of GHG emissions can be achieved through a wide portfolio of measures in
the energy, industry, agriculture and forest sectors. Up to now, the technological options
for reducing net CO: emissions to the atmosphere have been focused on (IPCC, 2005): 1)
increasing the efficiency of energy conversion and/or utilization; 2) switching to less
carbon intensive fuels, e.g. natural gas; 3) increasing the use of renewable energy sources
(biofuel, wind power, etc.) or nuclear energy, and 4) the use of technologies of CO:
Capture and Storage (CCS) also appears as a relevant option to reduce the emissions of
GHG, see Figure 1. It is clear that no single technology option will provide all of the

emissions reductions needed.
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Figure 1. Illustrative example of the global potential contribution of CCS as part of a
mitigation portfolio. Global CO: emissions in grey and corresponding contributions of

main emissions reduction measures in color (IPCC, 2007).

According to the analysis made by the IPCC and IEA (IPCC, 2005; IEA, 2006), CCS could
contribute 15-55% to the cumulative mitigation effort worldwide until 2100, averaged over
a range of baseline scenarios (see Figure 1), to stabilize climate change at a reasonable cost.

It is likely that there is enough technical potential for geological storage. CCS must provide

20% of the global CO: cuts required by 2050, according to the IEA (IEA, 2006).



1.2 CO: Capture and Storage

The purpose of CCS technology is to produce a concentrated stream of CO: from
industrial and energy-related sources, transport it to a suitable storage location, and then
store it away from the atmosphere for a long period of time. Thus, if CO: is transported
and stored appropriately, it will not further contribute to the greenhouse effect. The IPCC
Special Report on Carbon Dioxide Capture and Storage (IPCC, 2005) gives an overview of
the different options available both for the capture, transport and storage processes. Figure

2 shows sources for which CCS might be relevant and CO: transport and storage options.

Figure 2. Schematic diagram of possible CCS options.

For CCS to achieve the estimated economic potential, several hundreds to thousands of
CO: capture systems would need to be installed over the coming century, each capturing
1-5 MtCO: per year. One aspect of the cost competitiveness of CCS systems is that CCS
technologies are compatible with most current energy infrastructures, being the
implementation of these technologies more feasible and readily achievable in stationary
power units. Thus, CCS is an essential component of a portfolio of technologies and

measures to reduce global emissions and help to avoid the most serious impacts of climate
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change (IPCC, 2005; IEA, 2010). Costs for CO:2 capture include the capture process, plus
the conditioning and compression/liquefaction of the captured CO: required for transport.
Implementing CCS will of course have an impact on the cost for the electricity production.
Estimations on using commercially available technologies indicate an increase in the cost of
produced electricity by 37-85% in natural gas combined cycle power units and 43-91% in

pulverized coal power units (IPCC, 2005).

Among the three steps involving CCS (capture, transport and sequestration), CO: capture
is the most costly. The development of CO: capture systems with low economic and
energetic penalty has the mayor potential to reduce the global cost of the CCS process.
Three main approaches were considered for CO: capture in industrial and power
generation applications: post-combustion systems, oxy-fuel combustion, and pre-
combustion systems. A brief overview of the current situation of these technologies can be
found in the work of Toftegaard et al. (2010). However, most of the technologies that
reduce CO: emissions have high energy penalty using commercial technologies available.

This leads to a lower overall energetic efficiency and an increase in the energy price.

The Zero Emissions Platform (ZEP) report about the costs of CCS on existing pilot and
planned demonstration projects concluded that for hard coal-fired power units, the
addition of CO: capture and the processing of CO: for transport is equivalent to CO:
avoidance costs of 30-40€/t (Zero Emissions Platform, 2011). They found no clear
difference between any of the analyzed capture technologies and all could be competitive in
the future if successfully demonstrated. The conclusion of the study was that, following the
European Union’s CCS demonstration program, CCS will be cost-competitive with other
sources of low-carbon power, including on-/offshore wind, solar power and nuclear.
Further decrease in the CCS cost will be possible by developing CO: capture technologies

with low energetic and economical penalty.

1.2.1 Post-combustion capture

It consists in separating the CO: from the flue gas after the combustion step. Amine

absorption/desorption is often used for this purpose. With this method, the flue gas is led
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to a scrubber where the liquid solvent absorbs the CO: and the rest of the flue gas is
released to the atmosphere. Solvent regeneration is obtained by temperature changes which
release COz. The separation is not inherent to the combustion step and since this method
requires extra energy consumption, the process efficiency is affected. It has been estimated
that CO: capture by post-combustion in coal power units would reduce their efficiency
from 8 to 16% and for a natural gas combined cycle from 5 to 10% (Ghoniem, 2011). To
decrease costs, there are several technologies in development, such as the chilled ammonia

process by ALSTOM or the calcination-carbonation cycle.

1.2.2 Pre-combustion capture

In a first step, the fuel is converted to a mixture of CO, CO:z, Hz and H2O using O: and/or
H:O by reforming natural gas or gasifying coal. The next step is to shift CO and H:O
producing CO: and Hz. Removing CO: from the mixture, using e.g. physical absorption
with solvents, yields almost pure H2 which can be used as a carbon-free fuel in a combined
gas and steam turbine cycle. As a result, no carbon containing gases are released. However,
as for the post-combustion technology, this method is energy consuming. The technology
required for pre-combustion capture is widely applied in fertilizer manufacturing and in
hydrogen production. Although the initial fuel conversion steps of pre-combustion are
more elaborate and costly, the higher concentrations of CO: in the gas stream and the
higher pressure make the separation easier. The estimated efficiency reduction in a coal
gasification unit is about 7 to 13% and in a natural gas reforming unit is 4-11% (Ghoniem,
2011). The integration of this process with a combined cycle can be beneficial, reaching

high energetic efficiencies. Besides, membrane technologies are in development.

1.2.3 Oxy-fuel or O2/CO: combustion

In this method, the combustion step is achieved using a mixture of oxygen and recirculated
flue gases, i.e. carbon dioxide, instead of air. In the flue gases, almost only CO: and H.O
are present. By condensing steam, almost pure CO: is obtained. The carbon capture
efficiency, nearly 100%, is thus considerably higher than the efficiency of the post-

combustion treatment. However, an Air Separation Unit is required for the oxygen
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production, which induces to extra cost and energy penalties. The estimated efficiency
reduction in a coal gasification unit is 6-9% and in a natural gas unit is 5-12% (Ghoniem,

2011). Membrane technologies are also in development.

1.2.4 CCS demonstration projects

As for projects in the bigger scale focused on storage in CCS, the first application started in
1996 within the Sleipner CO: storage project from the former Norwegian company Statoil,
now StatoilHydro. The CO: contained in the natural gas from the Sleipner gas field is
injected into a deep saline aquifer called the Utsira formation located in the North Sea
between Norway and Scotland, at a depth of around 1000 meters. Around 1 million tones

CO: is annually injected in the sand stone formation since the project start (IPCC, 2005).

There are several projects on CCS worldwide in operation to date. The most important are
the following: The Weyburn Project since 2000 from US and Canada on CO: geological
storage; the In Salah gas project in South Algeria on CO: post-combustion and storage in
an underground aquifer; the Snehvit project in the Norwegian Sea on CO: storage in a
sandstone; the Callide ‘A’ Power Station project in Australia on oxy-fuel capture and
storage on a gas field; the project at Schwarze Pumpe, Germany, which has a 30MWu
oxyfuel coal boiler and the CIUDEN foundation which accounts with a 30 MWu
circulating fluidized bed and a 20 MW pulverized oxyfuel coal boilers in El Bierzo, Spain.

1.3 Chemical-Looping Combustion

The previous technologies involve expensive and energy demanding gas separation
processes. Thus, new processes and further research are being developed to reduce the
energy penalty of these technologies. To address this issue and since the main cost comes
from the separation of CO: from N, an alternative is to use a process where the
combustion air and the fuel are never mixed, so that no nitrogen is present in the

combustion exhaust gases. The CO: separation is then inherent to the combustion step.



This principle could be called unmixed combustion and requires a way to transfer oxygen
from air to fuel. The process on which this thesis is based, Chemical-Looping Combustion

(CLC), also belongs to this category.

The CO: Capture Project (CCP) -Phase I- decided at the beginning of 2000 to collaborate
with governments, industry, academic institutions and environmental interest groups to
develop technologies that greatly reduce the cost of CO: capture (Thomas and Benson,
2005). The objective was to identify the most promising technologies that had the potential
to deliver performance and efficiency improvements resulting in close to a 50% reduction
in the cost of CO: capture. Among them, the Chemical-Looping Combustion (CLC)
process was suggested among the best alternatives to reduce the economic cost of CO:
capture (Kerr, 2005). If the environmental impact is also considered, CLC is preferred
against other CO: capture options (Petrakopoulou et al., 2011). Moreover, the IPCC in
their special report on Carbon Dioxide Capture and Storage made a comparative economic
evaluation of the different technologies (Thambimuthu et al., 2005). The CLC process,
with a cost of 14 US$ per ton of CO: avoided, was one of the cheapest technologies. The
main drawback attributed to CLC was a very low confidence level as a consequence of the
lack of maturity of the technology. This is an emerging technology although during the

last 10 years has undergone a great development.

Chemical-Looping Combustion (CLC) is based on the transfer of the oxygen from air to
the fuel by means of a solid oxygen-carrier, avoiding direct contact between fuel and air.
Lyngfelt et al. (2001) proposed the use of two interconnected fluidized beds for a CLC
system with the oxygen-carrier circulating between them. Ideally, the stream of
combustion gases from the fuel-reactor contains primarily CO: and H:O, although some
unburnt compounds can also appear (e.g. CO, Hz, CHa). In this case, an oxygen polishing
step can be necessary for complete combustion to CO2 and H2O. After that, water can be
easily separated by condensation and a highly concentrated stream of CO: ready for
compression and sequestration is achieved. The CO: capture is inherent to this process, as
the air does not get mixed with the fuel, and no additional costs or energy penalties for gas
separation are required. The gas stream from the air-reactor is oxygen-depleted and consists

in N2 and some unreacted Oa.



Important progress has been made in CLC for gaseous fuels, i.e., natural gas and syngas, to
date. Most of the oxygen-carriers proposed in the literature are synthetic materials. In
general, the oxygen-carrier is based on a transition state metal oxide, e.g. CuO, NiO,
Co0304, Fe203 or MnsOs, which is supported on different inert materials, as AL.Os, SiOz,
TiO:2 or ZrO: A selection of oxygen-carrier materials for natural gas and syngas
combustion has been summarized by Hossain and de Lasa (2008) and Lyngfelt et al. (2008)
and recently by Adanez et al. (2011).

The feasibility of this process has been successfully demonstrated in different CLC
prototypes in the 10-140 kW range using oxygen-carriers based on nickel, copper and
cobalt oxides (Ryu et al., 2005; Lyngfelt and Thunman, 2005; Adanez et al., 2006;
Linderholm et al., 2008 and 2009; Kolbitsch et al., 2009). Regarding the intensive use of

coal for energy generation, there is an increasing interest for CLC using this fuel.

1.3.1 CLC with solid fuels

There are three options for the use of the CLC technology with coal. The first one is to
carry out previous coal gasification and subsequently to introduce the produced gas in the
CLC system. This option needs pure O: for the gasification step and thus an air separation
unit and an external gasifier are required. Simulations performed by Jin and Ishida (2004)
and Wolf et al. (2001) showed that this process has the potential to achieve an efficiency of
about 5-10% points higher than a similar combined cycle with conventional CO: capture
technology working under pressure. Several oxygen-carriers based on Ni, Cu, Fe and Mn
oxides have shown good reactivity with syngas components, i.e. H2 and CO (Mattisson et
al., 2007; Abad et al., 2007a), and the use of syngas in a CLC system has been successfully
accomplished in 300-500 Wu continuous CLC units (Johansson et al., 2006a; Abad et al.,
2006, 2007b; Dueso et al. 2009; Forero et al., 2009). The second possibility for the use of
coal in CLC is the direct feeding in the CLC process, that is, avoiding the need of an
external gasifier and the corresponding gaseous oxygen requirement (Cao and Pan, 2006;
Dennis et al., 2006). The reactor scheme for this CLC configuration is shown in Figure 3.

In this option coal is physically mixed with the oxygen-carrier in the fuel-reactor which is

10



fluidized by a gasification agent. As the gasification of coal happens inside the fuel-reactor,

this process has been referred as the in-situ gasification CLC (Adanez et al., 2011).

N, 0= [ COHO T co,
Me,O, HzO()
. -]
Alr C Fuel
I’eactor |_> reactor < CoaI
Me,O, ,
~— Carbon \ Ash
T stripper T co,
A ¢ = = ——— -]
Air CO, H,0(v)

Figure 3. Reactor scheme of the iG-CLC process for solid fuels (- - - optional stream).

The in-situ gasification of the solid fuel is carried out in the fuel-reactor and the carrier
reacts with the gas products from steam coal gasification, where H2 and CO are main
components. Thus, the volatiles release and the solid fuel gasification proceed in the fuel-
reactor according to reactions (1-3) and the resulting gases are oxidized through reduction
of the oxidized oxygen-carrier, MexOy, by reaction (4). The oxygen-carrier reduced in the
fuel-reactor, MexOy-, is transferred to the air-reactor where reaction (5) with oxygen from
air takes place. Thus the oxygen-carrier is regenerated to start a new cycle. The net

chemical reaction is the same as usual combustion with the same combustion enthalpy.

Coal — Volatile matter + Char
Char + H.O - H: + CO 2
Char + CO2 - 2CO (3
H:, CO, Volatile matter + n MexOy = CO: + H20 + n MexOy1 (4
MesOy1 + % O2 > MexOy (5

(1
(

)
)
)
)
)

It is expected that the gasification process was the limiting step in the fuel-reactor, so the
stream of solids that exits from the fuel-reactor contains some unconverted char together
with the oxygen-carrier. To increase the mean residence time of char and to avoid
ungasified char to enter the air-reactor, the char particles can be separated from the oxygen-

carrier in a carbon separation system and re-introduced to the fuel-reactor, as shown in
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Figure 3. It is necessary to point out that the transference of char to the air-reactor does not
reduce the energetic efficiency of the process but it decreases the carbon capture efficiency

of the system because some CO: will exit with the exhaust gas from the air-reactor.

Moreover, as a consequence of the ash present in the solid fuel it is necessary to drain ashes
from the system to avoid its accumulation in the reactors. The drain stream will also
contain some oxygen-carrier. Thus, the lifetime of this material is expected to be limited by

the losses together the drain stream rather than for its degradation.

For direct CLC with solid fuels, there are three particular aspects to be taken into account:
(1) high combustion efficiencies in the fuel-reactor should be reached, (2) the system must
be optimized to get maximum ash separation and minimum carrier losses, and (3) the
carbon separation system should be optimized. Thus, the efficiency of char conversion in
the fuel-reactor and the separation of ashes from the oxygen-carrier seem to be key factors

for the development of this process.

Recently, a third option has been proposed: the Chemical-Looping with Oxygen
Uncoupling process (CLOU) (Mattisson et al., 2009). In the CLOU process the oxygen-
carrier releases oxygen in gas phase, and this gaseous oxygen reacts with the fuel. CLOU
allows solid fuels to be burnt in gas-phase oxygen without the need for an energy-intensive
air separation unit. A key issue for the development of the CLOU process is to develop

suitable materials with oxygen uncoupling properties.

1.3.2 Oxygen-carriers for iG-CLC

The selection of the oxygen-carrier is a key factor for the CLC technology development.
Suitable oxygen-carriers must show high reaction rates and oxygen transport capacity,
complete fuel conversion to CO: and H:O, negligible carbon deposition, avoidance of
agglomeration, and sufficient durability as well as good chemical performance. These
properties must be maintained during many reduction and oxidation cycles. In addition,

the cost of the oxygen-carrier, environmental characteristics and health aspects are also
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important for its use with coal, as it is predictable a partial loss together with the coal ashes

when removing them from the reactor to avoid their accumulation in the system.

Synthetic materials have been proposed as oxygen-carriers in CLC for solid fuels, e.g. coal,
petroleum coke, biomass or solid wastes (Cao et al., 2006; Scott et al., 2006; Leion et al.,
2007; Yang et al., 2007; Chuang et al., 2008; Shen et al., 2009a;b;c; Siriwardane et al., 2009).
There are studies made on the reactivity of synthetic oxygen-carriers mainly based on CuO
(Cao et al., 2006), Fe20s (Scott et al., 2006; Leion et al., 2007; Wu et al., 2010) and NiO
(Zhao et al., 2008) for in-situ gasification of the solid fuel. However, for CLC with solid
fuels, the use of low-cost natural minerals or industrial waste products seems to be more

suitable, as it is predictable a partial loss of the oxygen-carrier together with the coal ashes.

At the beginning of this thesis in 2008, there were only a few studies about this technology.
There were some studies on the suitability of using low cost minerals such as ilmenite, an
iron based natural ore. Leion et al. (2008a,b) analyzed the reactivity of ilmenite in a batch
fluidized bed for solid fuels combustion. Ilmenite gave high conversion of CO and H: but
moderate conversion of CHs. They observed a gain in ilmenite reactivity as increasing
redox cycles, and eventually reactivity as high as for a synthetic Fe:Os-based oxygen-carrier
was reached. Ilmenite showed high stability in its reactivity after repeated redox cycles.
They also saw that defluidization occurred only when the ilmenite particles were in a
highly reduced state (Leion et al., 2008b), which is not expected at CLC operation. These
were first approaches of the ilmenite performance as oxygen-carrier in iG-CLC. In order to
advance in this technology, a more comprehensive analysis of the properties of ilmenite as
oxygen-carrier is needed. An assessment of the conditions in which the gain in reactivity
occurs as well as the reactivity and properties of ilmenite after a high number of redox
cycles, the evaluation of the intrinsic kinetics in the oxidation and reduction reactions and
a study on the gasification reaction under iG-CLC conditions are required. A deeper study

on the behavior in fluidized bed of the oxygen-carrier material is also essential.

The proof of the concept of the iG-CLC process in a continuously operated prototype was
carried out by Berguerand and Lyngfelt (2008a; b) using ilmenite as oxygen-carrier. Due to

the characteristics of this facility with over-bed coal feeding, the volatiles do not get in
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good contact with oxygen-carrier particles. Thus, only the conversion of gases from steam
gasification (CO and H:) was analyzed. A CO: capture within the range 65-82% was
obtained for South African coal as fuel at 900-950°C. Petcoke was also used as a fuel with
low volatile content, for which CO: capture was 60-75% at 900-950°C, with an oxygen
demand around 25%. The performance of this prototype could be improved by increasing
the residence time of the particles in the fuel-reactor to get higher CO: capture and by
increasing the separation efficiency of the cyclone after the fuel-reactor. Also, the
incomplete gas conversion resulted into the presence of unconverted gases in the fuel-
reactor outlet stream that demanded 29-30% of the total oxygen needed to fully burn coal
to H20 and CO:z. The gas conversion could be improved by a polishing step with O: after
the fuel-reactor. Due to the promising good behavior observed for ilmenite, in this work
the iG-CLC process for solid fuels using ilmenite as oxygen-carrier was evaluated. Since to
date only the effect of the temperature had been analyzed by doing experiments at two
temperatures. To evaluate the influence of different operating variables in the system is
necessary for the progress of this technology, as well as to try other types of fuels with
different ranks. Besides, the combustion of the devolatilization products should be
analyzed. While this thesis was developed, more studies about ilmenite and other possible
oxygen-carriers —natural ores and industrial products, most of all- for iG-CLC in different
scales were done concurrently, where different types of fuels were used. The main results

obtained in other later studies will be commented along this thesis.

1.4 Objective

The aim of this work was to study the feasibility and performance of the Chemical-
Looping Combustion technology for solid fuels and to evaluate the conditions and key
parameters that improve the efficiency of the process, in order to get a technically and

economically competitive combustion technology with CO: capture.

This was investigated by performing tests in a thermogravimetric analyzer, a batch
fluidized bed reactor for gaseous fuels, a batch fluidized bed reactor for solid fuels and a
continuous CLC unit for solid fuels, all these devices are placed at the Instituto de
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Carboquimica (ICB-CSIC) in Zaragoza (Spain). Tests in a 10 kW continuous CLC unit
for solid fuels built at Chalmers in Goteborg (Sweden) were also done. Focus was made on
analyzing the behavior and suitability of ilmenite as oxygen-carrier in CLC with solid fuels
by in-situ gasification CLC (1G-CLC), on assessing the operation performance using
different solid fuels and evaluating the effect of operational parameters on carbon capture
and combustion efficiency. Furthermore, with the experimental information gathered, a
theoretical simplified model for the fuel-reactor was developed to analyze the effect of the

main operating variables in the CLC process performance.

This thesis is based on nine papers. Paper I analyzes the behavior of ilmenite as oxygen-
carrier in CLC and its activation process. Changes in its properties through redox cycles in
a thermogravimetric analyzer were also assessed. In Paper II the kinetics of ilmenite as
oxygen-carrier for the reduction and oxidation reactions taking place in CLC with the
main gas products of coal devolatilization and gasification were determined. In Paper III
the reactivities with different mixtures of reducing agents and the variation of chemical and
physical characteristics of ilmenite particles during high number of consecutive redox
cycles in fluidized-bed was assessed. In Paper IV the char gasification step and subsequent
conversion of the gasification products was studied in a fluidized bed using a bituminous
coal char as fuel at different temperatures and using various HO-CO: mixtures as
gasification agent and ilmenite as oxygen-carrier. Papers V, VI and IX explain results
obtained in a continuous facility fuelled with coal. In Paper V the effect of temperature and
coal particle size of a bituminous coal on the process performance was assessed. Char
gasification and combustion of both gasification products and volatile matter were also
evaluated. In Paper VI the effect of operating conditions such as the solids circulation rate
and oxygen-carrier residence time, the coal flow feed and the gasification agent flow and
type were investigated. In Paper IX the variation in the system performance and feasibility
of the technology when using different types of coals is investigated. In Paper VII the
influence of limestone addition to ilmenite as oxygen-carrier was tested in a continuous 10
kWw CLC pilot using petroleum coke as fuel at different temperatures and solids
circulation rates. Based on experimental results, in Paper VIII a simplified model that
describes the fuel-reactor of an iG-CLC system was developed. The model includes the

possibility of using a carbon separation system.
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2  Experimental






2.1 Oxygen-carrier

Ilmenite is a common mineral found in metamorphic and igneous rocks. Ilmenite is mainly
composed of FeTiOs (FeO-TiO2), where iron oxide is the active phase that behaves as an

oxygen-carrier.

The ilmenite used in this study is a concentrate from a Norwegian natural ore and it has a
purity of 94.3%. The particle size used was 150-300 um. Fresh ilmenite and calcined
ilmenite particles were initially used in this work. Calcined ilmenite was obtained after a

thermal treatment of fresh ilmenite at 950 °C in air during 24 hours.

Ilmenite particles were physically and chemically characterized by several techniques.
Table 1 shows the main physical and chemical properties of the Norwegian ilmenite used
as oxygen-carrier in the experiments of this research. Both fresh and calcined ilmenite are
characterized. As it is later explained, the oxygen-carrier undergoes an activation process
with the number of cycles. Therefore, the properties of the here called “activated ilmenite”
are also analyzed. As an example of an activated ilmenite, the properties of the activated
ilmenite after 20 redox cycles in fluidized bed with 25 vol.% CH+ + 10 vol.% H:O as
reducing agent at 900 °C are also given in Table 1. Both calcined and activated ilmenite
were used for the determination of ilmenite reaction kinetics. The true density of the
particles was measured with a Micromeritics AccuPyc II 1340 Helium picnometer. The
force needed to fracture a particle was determined using a Shimpo FGN-5X crushing
strength apparatus. The mechanical strength was taken as the average value of at least 15
measurements undertaken on different particles of each sample randomly chosen. Particle
porosity was measured by Hg intrusion in a Quantachrome PoreMaster 33. The
identification of crystalline chemical species was carried out by powder X-ray diffraction
(XRD) patterns acquired in an X-ray diffractometer Bruker AXS D8ADVANCE using Ni-
filtered Cu Ka radiation equipped with a graphite monochromator. Semi-quantitative
percentages of the different components in each sample were obtained through
normalization by means of a ratio between the intensity peaks of the main component and

a substance of reference.
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Table 1. Composition (%wt.) and physical properties of fresh, calcined and activated
ilmenite after 20 redox cycles in fluidized bed (Reducing agent: 25 vol.%CH:+ 10
vol.%H:0).

Fresh ilmenite  Calcined ilmenite  Activated ilmenite

True density (kg/m’) 4580 4100 4250
Roitm (%) 4.0 3.3
Grain radius (um) 0.5 0.5 1.25
Porosity (%) 0 1.2 12.7
BET Surface (m*/g) 0.6 0.8 0.4
Crushing strength(IN) 2.4 22 2.0
XRD (main species) FeT10:s, Fe20:s, Fe:T10s, Fe2Os, Fe:T10:s, Fe2Os,
TiO2 TiO:> TiO:>
Fe:Os (%wt.) 14.8 11.2 22.0
Fe:TiOs (%wt.) i 54.7 38.5
TiO: (%wt.) 14.0 28.6 34.0
FeTiOs (%wt.) 65.5 - -
Inert (%owt.) 5.7 5.5 5.5

The XRD analysis revealed ilmenite (FeTiOs), hematite (Fe205) and rutile (TiO:2) as major
components of fresh ilmenite. Besides, SEM-EDX analyses revealed a Fe:Ti molar ratio
around 1:1. During the thermal treatment ilmenite (FeTiOs) was fully oxidized to
pseudobrookite (Fe2T10s). Calcined ilmenite consists of a mixture of ferric pseudobrookite
(Fe2TiO:s), rutile (TiO2) and some free hematite (Fe20Os), which confirms the literature data
indicating that iron compounds in ilmenite are in the most oxidized state after calcination
at 950°C (Rao and Prototypeaud, 1975). Minor amounts of oxides and silicates can be
found, mainly MgSiOs and MnO..

The oxygen transport capacity of ilmenite Ro,m corresponds to the reduction of the
Fe:TiOs and Fe:Os present in ilmenite, being the reduced species FeTiOs and FesOs,
respectively. Although the oxidized species can get further reduced, the thermodynamic
equilibriums indicate that Fe:TiOs and Fe:Os should be only reduced up to FeTiOs and

FesOs respectively in order to reach full conversion to CO:z and H:2O of the reducing gases,
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which is the objective of a CLC process. Low values of BET surface area were measured,
but a slight increase was observed after calcination. Mercury porosimetry of both fresh and
calcined ilmenite exhibit low porosity development. This ilmenite has shown good
reactivity and properties from batch fluidized bed testing (Leion et al., 2008a,b; 2009a,b;
Bidwe et al., 2011). It has also been tested with solid fuels in a 10 kW unit at Chalmers
University of Technology (Berguerand and Lyngfelt, 2008a; b; 2009a; b) and with gaseous
fuels in a 10 kW unit (Bidwe et al., 2011) and a 120 kWuw unit (Proll et al., 2009).

2.2  Fuels

In this thesis both gaseous and solid fuels were used. As gaseous fuels, pure gases such as
CHs4, H> or CO were used, considered as main products of coal devolatilization and
gasification. A range of coals with different behavior was used as fuels: a Spanish anthracite,
a Spanish lignite and two bituminous coals from Colombia and South Africa. Following
the ASTM characterization, South African coal is a medium volatile (MV) bituminous coal,
whereas Colombian coal is a high volatile (HV) bituminous coal. Mexican petcoke was also
used. The properties of all these solid fuels are gathered in Table 2. Three different particle
sizes of Colombian coal were used: +74-125, +125-200 and +200-300 um. The particle size
used for lignite, South African coal and anthracite was +200-300 um and for petcoke was

+90-200 pm.

The HV bituminous Colombian coal was subjected to a thermal pre-treatment for pre-
oxidation to reduce its swelling properties. Thus, coal was placed in trays in layers of about
3 mm height and exposed to heating at 180 °C in air atmosphere for 28 hours. The use of
pre-treated coal eliminates the swelling properties and avoids the pipe clogging and coal
particles agglomeration showed when fresh coal was used. Pre-oxidation causes an increase

in oxygen content and a decrease in the heating value.

Char of bituminous South African and pre-treated Colombian bituminous coal were

produced and used. They were done by devolatilizing batches of 500 g of coal particles in a
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fluidized-bed reactor. The reactor was fluidized by N2 and it was heated up from room
temperature to 900 °C with a temperature ramp of 20 °C/min and afterwards cooled
down. The N: flow was correspondingly reduced as the temperature increased to ensure
bubbling bed conditions and to avoid elutriation of particles. The particle size for South
African coal char used was +100-200 um and for bituminous Colombian coal it was +125-

200 pm.

Table 2. Proximate and ultimate analysis and low heating value of solid fuels used.

Fresh Bit.  Pret. Bit. MV Bit.

Lignite _ Anthracite  Petcoke
Colomb.  Colomb. S.African

Moisture,%wt. 12.5 6.2 2.3 4.2 1 8
Volatile 28.7 33.4 33 25.5 7.6 9.9
matter,%wt.
Fixed 33.6 48.5 55.9 56 59.9 81.6
carbon,%wt.
Ash,%wt. 25.2 11.9 8.8 14.3 31.5 0.5
LHV,k]/kg 16252 25878 21899 26434 21878 31750
C,%wt. 45.4 68 65.8 69.3 60.7 81.3
H,%wt. 2.5 4.2 3.3 4 2.2 2.9
N,%wt. 0.5 1.6 1.6 2 09 0.9
S,%wt. 52 0.6 0.6 1 1.3 6
O,%wt. 8.6 7.5 17.6 52 24 0.4

Table 3. Composition of the chars used in this work.

C(%wt.) H(%wt.) N(%wt.) S(%wt) O(%wt.) Ash(%wt.)

Pret. Bit.Colomb 79.8 0.7 1.3 0.6 4.0 13.6
South African 75.2 0.9 1.6 0.7 2.3 19.3
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2.3 Thermogravimetric analyzer

The oxidation and reduction reaction rates of the different samples analyzed during this
thesis, as well as the kinetics of the reduction and oxidation reactions for the calcined and
activated ilmenite were determined through thermogravimetric analysis in a CI Electronics

thermobalance, see Figure 4.

TGA experiments allowed analyzing the reactivity of the oxygen-carriers under well-
defined conditions, by means of measuring the weight variation versus time or temperature
during reaction with gases. The reactor consists of two concentric quartz tubes (24 mm i.d.
and 10 mm 1.d.) placed in an oven. The sample-holder was a wire mesh platinum basket (14
mm diameter and 8 mm height) designed to reduce mass-transfer resistance around the
solid sample. The temperature and sample weight were continuously collected and
recorded in a computer. The reacting gas mixture (25 Lxn/h) was measured and controlled

by electronic mass flow controllers.

Microbalance
Control
unit
N, purge
Gas out
Condenser D"?‘t?‘.
» adquisition
H,O
water
> Oxygen
> U4 1] carrier
Al — g /
N, —>e ~ | Furnace
CH,— >4 ] L
H, =>4 ] Thermocouple
CO ¢
CO, e

Figure 4. CI thermobalance layout.

For the measurement of the reaction rates, the ilmenite particles were loaded in a platinum
wire basket. The sample weight used for the experiments was about 50 mg. The oxygen-
carrier particles were heated up to the desired temperature in an air atmosphere. Once the

set temperature was reached, the experiment started by exposing the oxygen-carrier to the
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desired conditions for the reduction step. When a subsequent oxidation was made to
measure the oxidation rate, in order to avoid the mixing of combustible gas and air,
nitrogen was introduced for 2 min between the oxidizing and the reducing period. A mass
value of 100% is assumed to be the sample in its most oxidized state and the mass loss is

considered to be exclusively due to oxygen transfer.

In this thesis, the reactivity with the main reacting gases considered present in a CLC
system, i.e. CHs, CO and H> was analyzed for a wide variety of samples. If steam was used,
before entering the reactor the reacting gases were directed through a water deposit which

was heated at a set temperature so that the generated steam had the desired partial pressure.

Data evaluation

The conversion for the reduction, X, and the oxidation, X,, reactions with time for

consecutive cycles of ilmenite are calculated from the mass variations registered in TGA as:

x 6)
m,—m,
X,=1-X, @)

The difference between the fully oxidized and reduced form of the oxygen-carrier defines
its oxygen transport capacity, Roc, which is the mass fraction of the oxygen-carrier that is

used in the oxygen transfer:

Roc=—"—" (8)

For the specific case of ilmenite as oxygen-carrier, the oxygen transport capacity of
ilmenite is this thesis is designated as Ro,im. The mass based conversion of ilmenite, o,
indicates only the oxygen transfer and is independent of the oxygen transport capacity of

the oxygen-carrier. It is expressed as:
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To facilitate a comparison of reactivity between different oxygen-carriers a rate index is
often used as a normalized rate at a fuel gas concentration of 15% (Johansson et al., 2006b).

The rate index, expressed in %/min is calculated as:

Rate index (%) = 10060 - ( do dX;

=100-60-R, ,, | —=
dt J Ro,llm( dt Jnorm (10)

norm

The normalized reactivity is calculated as:

() 2o ()
dt norm - pTGA dt (1 1)

P is a reference partial pressure that has been used in previous studies and it is 0.15 atm

for reduction and pri=0.10 atm for oxidation (Johansson et al., 2006b). prca is the partial

pressure of the fuel gas used in the TGA experiments.

2.4 Batch fluidized bed reactor for gaseous fuels

Several reduction-oxidation cycles with different reducing gases were performed in a batch
fluidized-bed to investigate the gas product distribution and the variation of the chemical

and physical properties of ilmenite particles with the number of cycles.

Figure 5 shows the experimental setup. It consists of a system for gas feeding, a fluidized-
bed reactor (55 mm i.d.) made of Kanthal, two filters that recover the solids elutriated from
the fluidized-bed working alternatively, and the gas analysis system. The whole fluidized-

bed reactor is inside an electrically heated furnace. The gas feeding system allowed the

feeding of the fuel gas (mixtures of CHs, CO, CO:, H2, H:O and N>) during the reducing
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period and a mixture of air or N2 for oxidation of ilmenite. N2 was introduced between the
two periods during 2 min to purge and avoid the contact between the gas fuel and air. For
the supplying of the steam there is a liquid flow controller for water which is subsequently
heated up and evaporated with a resistance heater and swept away by the rest of the
reducing gas. Changes of gases during reduction, oxidation or purge were done by a three-

way valve.

filters

—<::§:>——> stack

A

thermocouple]

Gas Analysis
CHy4, H,0,
CO,, CO, Hy,
Oz
CH, »<«—|_| ||
H, »e— o L
CO —»e [ ———]
H,O —»e] _
C02 — e Air
N, >+ N, N,

Figure 5. Experimental setup used for multicycle tests in a fluidized-bed reactor.

The differential pressure drop in the bed is measured by means of two pressure taps
connected to the bottom and top of the reactor, and are used to detect possible
agglomeration problems in the bed. The reaction progress is determined from gas analysis
at the reactor outlet. The gas analysis system consists of several online gas analyzers. CHs,
CO and COg, dry basis concentrations are measured using non-dispersive infrared analysis
(NDIR) and H: by thermal conductivity. O: concentration is determined using a
paramagnetic analyzer. Water content is measured via Fourier Transform Infrared (FTIR
Gasmet Cx-4000) analyzer. All data were collected by means of a data logger connected to a
computer. The gas concentration was corrected considering the flow dispersion through
the sampling line and the analyzers. Thus, the actual concentration of the gases at the bed

exit was obtained by a deconvolution method similar to that found in Abad et al. (2006).
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To measure the attrition rate, particles elutriated from the fluidized-bed reactor were

retained in a filter, and were taken every 10 cycles.
Data evaluation
From the gas product distribution, it is possible to know the rate of oxygen transferred,

ro(t), from ilmenite to the fuel gas in case of the reduction reaction, and from the oxygen in

the air to ilmenite in case of the oxidation reaction, as a function of reaction time:

For CHs, CO and F2: 15(t) = (Yeo +2Yeo, + Yn.0)out * Fout = Yio +2Yco, Din * Fin (12)

For O2: o (t) =2 (YO2 )out ) I:ou'[ -2 (yOz )in ’ Fin (13)

where Fin and Fou are the molar flows of the respectively inlet and outlet gas streams and y;

the molar fraction of the gas i.

The mass based conversion, ®, can be calculated as follows, where wrd and ®ox are the

reduced and oxidized conversions reached in the previous period, correspondingly.

t
For reduction: o(t) = a,, _Mo j r, (t)dt (14)
Moy to
M t
For oxidation: a(t) =@, —= I r, (t)dt (15)
mOX tr,O

A normalized rate index was used to evaluate the reaction rates of all the gaseous fuels
tested with ilmenite before and after the activation period, and also for comparison
purposes. It is very similarly defined as for the TGA analysis section, and in this case the
normalized rate was calculated from the experimental rate considering plug flow and that

the reaction order is 1:

Rateindex(%/min) = 60- loo(d—wJ —60- 100£dd_i"j
norm exp

27



being P» the mean partial pressure of the gaseous fuel in the reactor, which is calculated
with the coefficient of expansion of the gas mixture &, and the partial pressures of the

gaseous fuel at the reactor inlet and outlet.

(Pin - Pout/
P = (Pin + gg .POut) (17)
" (Pout - Pin )'gg Pin + gg 'Pout
o™ T 4 (11 g yIn| n " To ot
(Pin+gg .Pout) ’ ((1+89)Pout J

For comparison purposes among different experiments, the oxygen yield parameter is
proposed, which gives the idea to what extend the fuel has been oxidized at each instant of
the reducing period. The oxygen yield, yo, is defined as the oxygen gained in the fuel for its

oxidation divided by the oxygen needed to fully oxidize the fuel, as follows:

7(t)
Vo(t) = > (18)
© (4yCH4 +Yco TV, )in * Fin

2.5 Batch reactor fluidized bed for solid fuels

The experimental work has been carried out in a setup consisting of a system for gas
feeding, a solid fuel feeding system, a fluidized-bed (FB) reactor and the gas analysis system.
A schematic layout of the laboratory setup is presented in Figure 6. The fluidized-bed
reactor (55 mm i.d. and 700 mm height) is electrically heated by a furnace, and had a
preheating zone just under the distributor plate. The temperature inside the bed was
measured and used to control the reaction temperature. The reactor had pressure taps in
order to measure the absolute pressure in the bed and pressure drop. Possible
agglomeration and defluidization problems could be detected by a sharp decrease in the bed
pressure drop during operation. The pressure tap was also useful to detect possible
blocking in the downstream pipes due to elutriated particles or tar condensation in cold

points.
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The reactor was loaded with 400 g of ilmenite with a particle size of +150-300 um. In some
tests silica sand (200-400 um) was used instead of ilmenite. The feeding of the solid fuel was
done by means of a fuel chute which ends 3 cm above the distributor plate and about 5-6
cm below the upper level of the fluidizing particles, so that char particles are fed inside the
fluidized bed. The upper part of the chute has a valve system that creates a reservoir in

which the fuel is placed and later pressurized by nitrogen to ensure quick char feeding.
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Figure 6. Schematic layout of the laboratory setup.

The gas feeding system had different mass flow controllers connected to an automatic
three-way valve. This way it was possible to feed alternatively air, N2 or a mixture of
steam/CQO:. Steam was obtained by evaporation with a resistance heater of a known water
flow supplied by a peristaltic pump. Different gas analyzers continuously measured the gas
composition at the reactor exit after water condensation. As in most of cases gas is mainly
composed by steam, a downstream N: flow of 90 Ln/h is introduced to ensure a
continuous dry gas flow feeding the analyzers. This N is also used to calculate the outlet

gas flow by a balance to Na.
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Data evaluation

The evolution of char conversion, X, with time is calculated by integrating the rate of
char conversion, rc(t), which is obtained from a mass balance to carbon in gaseous form in

the reactor.

1 ¢
N 19
r(t) = (yco2 + Yoo ) o = Fcoz,m (20)

Ncaar being the mol number of carbon fed into the reactor. The instantaneous rate of
conversion of the char, rcins, is calculated as the rate of gasification per amount of non-

gasified carbon that is still in the reactor.

o) = ——2 &) @)
NC,char - _[0 I (t)dt

The conversion of ilmenite in the fluidized bed for reduction reaction, X, can be calculated

from the integration of 7o(t) with time:

X, () =——[ 1o 0)de 22)

ro(t) is the rate of oxygen transferred from ilmenite to the fuel gas, and is calculated by

means of the oxygen balance:
r-O (t) = [ I:out (2 yCO2 + yco) - 2 I:(:Oz,in ] + I:FHZO,out - I:HZO,in ] (23)

Nojitm 1s the molar amount of oxygen in ilmenite active for CLC process, calculated as:
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moRO,ilm

N,., =
O,ilm
M,

(24)

The conversion of gasification products, i.e. CO and Hz, to CO2 and H20 by reaction with
ilmenite particles was evaluated by the combustion efficiency, .. It is defined as the
oxygen gained by the fuel for its oxidation divided per the oxygen needed to fully oxidize

the fuel. Here, 1 is calculated with Eq. (25).

=220 e

2.6 Continuous ICB-CSIC-s1 unit for solid fuels

A schematic view of the continuous ICB-CSIC-s1 facility for solid fuels used in this thesis is
shown in Figure 7. The CLC system was basically composed of two interconnected
fluidized-bed reactors, the fuel-reactor (FR) (1) and the air-reactor (AR) (3) joined by a loop
seal (2), a riser (4) for solids transport from the air- to the fuel-reactor, a cyclone to recover
the entrained solids (5) and a solids valve (7) to control the flow rate of solids fed to the

fuel-reactor.

The fuel-reactor consisted of a bubbling fluidized bed with 5 cm of inner diameter and
20 cm bed height. Coal (8) is fed by a screw feeder at the bottom of the bed above the fuel-
reactor distributor plate in order to maximize the time that volatile matter is in contact
with the bed material. The screw feeder (9) has two steps: the first one with variable speed
to control the coal flow rate, and the second one has high rotating velocity to avoid coal
pyrolysis inside the screw. A small N> flow of 18 Ln/h is fed at the beginning of the screw
to avoid possible volatile reverse flow or entrance of steam. The coal flow was varied from
33 to 100 g/h. The thermal power reached in the unit was between 200 and 580 W in the
experiments done in this PhD. The fuel-reactor was fluidized by steam-CO: mixtures,
which act also as a gasifying agent. In the fuel-reactor a gasification agent flow range from

110 to 190 Ln/h was introduced (corresponding to gas velocities of 0.07-0.12 m/s at 900
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°C). In the fuel-reactor the oxygen-carrier is reduced by the volatile matter and gasification
products of coal. Reduced oxygen-carrier particles overflowed into the air-reactor through a
U-shaped fluidized bed loop seal with an inner diameter of 5 cm, to avoid gas mixing
between fuel and air. It was fluidized with 75 Lx/h Na. Since this prototype has no carbon
separation system, unconverted char from the fuel-reactor goes to the air-reactor and is

fully burnt there, releasing the CO: that is measured in the air-reactor.

The oxidation of the carrier took place in the air-reactor, consisting of a bubbling fluidized
bed with 8 cm of inner diameter and 10 cm bed height that uses air as fluidizing gas. In this
reactor air was used to oxidize the oxygen-carrier coming from the fuel-reactor. The gas
flows introduced in the air-reactor were 2100 Ln/h as primary air and 400 Ln/h as
secondary air at the top of the bubbling bed to help particle entrainment into the riser and
later to the cyclone. That corresponded to gas velocity in the air-reactor of 0.1 m/s and a
total gas velocity in the riser of 4.2 m/s at 900 °C. N2 and unreacted O: leaving the cyclone
passed through a filter before the stack. The oxidized solid particles were recovered by the
cyclone and sent to a solids reservoir, setting the oxygen-carrier ready to start a new cycle.
These particles act as a loop seal avoiding the leakage of gas between the fuel-reactor and
riser. The regenerated oxygen-carrier particles returned to the fuel-reactor by gravity from
the solids reservoir through a solids valve which controlled the flow rates of solids entering
the fuel-reactor. A diverting solids valve located below the cyclone allowed the
measurement of the solids flow rates at any time. The circulation flow rate was varied and
controlled from 1.0 to 11.6 kg/h. The total ilmenite bed mass in the system was 3.5 kg and
the solids bed mass in the fuel-reactor was 0.8 kg ilmenite, as the solids level in the fuel-

reactor is fixed and the exceeding overflows and is directed to the air-reactor.

Because of its small size, the system is not auto-thermal and is heated up with various ovens
to get independent temperature control of the air-reactor, fuel-reactor, and fuel-reactor
freeboard. The temperature in the air-reactor was maintained at around 940 °C and the
fuel-reactor temperature was varied from 820 °C to 950 °C. The fuel-reactor freeboard is
kept constant at about 900 °C in all the experiments. The pressure drops in important
locations of the system, such as the fuel-reactor bed, the air-reactor bed and the loop seal

were monitored.
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Figure 7. Schematic diagram of the coal-fuelled CLC facility.

CO, CO:, Hz, CH4, and O: were continuously analyzed in the exit streams from the fuel-
and air-reactors. All data were collected by means of a data logger connected to a computer.
In some selected experiments the tar amount present in fuel-reactor product gases was
determined following a tar protocol (Simell et al., 2000). Collection of moisture and tar was
performed in a series of eight impinger bottles by absorption in isopropanol and later
cooling in external baths. Two different cooling baths were used. The first was an ice bath,
where the first two impingers were located. The first was empty and the second contains
isopropanol. In addition, the second bath contains six impingers at -18 °C. These impingers
recover the majority of moisture and aromatic tar compounds (styrene, indene, benzene,
etc.) and light Polycyclic aromatic hydrocarbons (PAHs). Several gaseous samples from the
fuel-reactor stream were also taken in bags in order to measure the components through gas

chromatography analysis.

Data evaluation

The parameters that indicate the performance of the process are the carbon capture and the

combustion efficiency. The carbon capture is the removal of carbon dioxide that would
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otherwise be emitted into the atmosphere. Getting high carbon capture during energy
generation is the motivation of this technology. The carbon capture efficiency, ncc, is here

defined as the fraction of the carbon fed in that is converted to gas in the fuel-reactor.

o = [Ecozer + Feorr + Forrr Jow Thcozer Jin (26)

[Fcoz,FR + FCO,FR + FCH4,FR ]out + FCOZ,AR '[Fcoz,FR ]in

The carbon captured in the system is the carbon contained in the volatiles plus the carbon
in the char that is gasified. Thus, the carbon capture efficiency depends on the fraction of

char that has been gasified.

The carbon measured in the gases coming from the fuel-reactor and the air-reactor is less
than the carbon present in the introduced coal because there is elutriation of char during
some experiments. The elutriated char flow was calculated as the difference between the
coal carbon fed and the measured carbon in the fuel-reactor and air-reactor outlet gas flows.
The effective char was calculated as the fed char that had not been elutriated from the fuel-
reactor, and it was used as the char fed to the fuel-reactor in the calculations. Note that in
case of an industrial unit the possible elutriated char will be collected in a cyclone and

reintroduced to the fuel-reactor.

To do a deeper study of the system behavior on the carbon capture, the gasification step
should be assessed. The char conversion, Xchar, 1s defined as the fraction of carbon in the

char which is gasified and released to the fuel-reactor outgoing gas stream:

X = Fo har et Foorar [Feoner + Foorr + Forrr oo Jow TFeorer Jin
char T - (27)

FC,char eff [FCOZ,FR + FCO,FR + FCH4,FR + Fcoz,AR 'Fc,vol ]out '[Fcoz,FR ]in

Fcgharefi 1s the carbon in the effective char flow introduced in the CLC system. The gasified
char in the fuel-reactor was calculated as difference of the carbon in gases in the fuel-reactor
outgoing flow, and the carbon flow coming from the volatile matter. The carbon content

of the volatiles is directly calculated using the analysis of coal.
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An approximation to the char gasification rates can be obtained, if a simplified model is
used. The fuel-reactor is considered to follow a continuous stirred-tank reactor (CSTR)
model. The char is assumed to be in perfect mixing of the solids in the fuel-reactor and to
react at a mean rate (-rc) which is proportional to the mass. With these considerations, (-rc)

is calculated from a carbon balance in the fuel-reactor:

1 d XC ar'F char ¢
%zk o ()= e Carer

(4.) = (28)

char m char, FR

being meharr the mass of carbon in char in the fuel-reactor, which can be calculated with

the mass of ilmenite in the fuel-reactor mimrr, the solids circulation rate Fiim:

m, 13
char,FR — C];)2,AR (29)

ilm

My R

Connected to the char conversion, the mean residence time of char, tmchar, is calculated as:

_ mchar,FR _ Xchar

tmc ar 30
< FC,chareff (_rC ) ( )
Besides, the mean residence time of ilmenite, tmiim, is calculated by Eq. (31).

M1 FR
tm,ilm = F— (3 1)

ilm

The fuel-reactor combustion efficiency, Meomb Fr, is 2 measure of the gas conversion in the
fuel-reactor and represents the extent of oxidation of volatiles and gasification products by
the oxygen-carrier. It is defined as the fraction of the oxygen demanded by the volatile
matter and gasification products that is supplied by the oxygen-carrier in the fuel-reactor. It
is therefore dependent on the reaction rate of ilmenite with the gaseous fuels and on the
amount of gases generated in the fuel-reactor from coal. The oxygen supplied by ilmenite

in the fuel-reactor is calculated through the oxygen containing species in the fuel-reactor
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product gas. The sum of volatile matter and gasified char is calculated as the effective coal

introduced minus the char flowing towards the air-reactor. Neomb R Was calculated as:

(0.5 By pr + Feonpr +0-5 Foo pr Jow 10-5  Frno pr + Feonrr +0-5 O et Jin
ncomb FR — (32)

OZ demand coal,eff FCOZ,AR

Ocoulefi 1s the oxygen contained in the effective coal flow. O2 demund couleft Or the oxygen

demand of the effective coal flow is the oxygen flow needed to fully burn the fuel.

An oxygen demand Qop can be defined as the fraction of oxygen lacking to achieve full
combustion to CO:2 and HzO of the fuel-reactor product gas in comparison to the oxygen
demand of the devolatilization and gasification products. It is the only fraction of oxygen
required in the iG-CLC process to reach full combustion of the fuel that must be supplied
in a subsequent polishing step as pure Oz. However in this thesis Neomb Fr is usually used

because it is conceptually a simpler parameter.

Qop =1- Tcomb FR (33)

The rate of oxygen transferred by ilmenite, (-ro), measures the oxygen transfer rate from

ilmenite to the fuel. (-ro) is calculated as the increased flow of oxygen in the oxygen-

containing gases (CO, CO2 and H:0), divided by the ilmenite hold-up:

([FHZO,FR +2F 0, pr + Feo pr Jow P20 pr + 2Fco2mr + O coatett Jin )M,
(1) = (34)

My R

The oxygen-carrier to fuel ratio, ¢, is a measure of how much oxygen is available in the
circulating oxygen-carrier compared to the oxygen needed to burn the fuel fed. In
stoichiometric conditions the ratio ¢ is equal to one. It is defined as follows:

E_.-R

ilm O,ilm

2.]'\/IO 'OZ demand coal,eff
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2.7 Continuous 10 kWt CLC unit for solid fuels

The 10 kWu unit used is designed for CLC with solid fuels and located at Chalmers
University of Technology. Figure 8 shows a scheme of the whole pilot unit. The reactor
system consists of two interconnected fluidized beds: (a) the fuel-reactor (FR), where the
fuel is gasified with steam and gasification products are oxidized by the oxygen-carrier, and
(b) the air-reactor (AR), where the oxygen-carrier particles are oxidized. The regenerated
oxidized particles are led through (c) a riser above the air-reactor, which ends up in (d) a
cyclone that brings the solids flow back to the fuel-reactor. There are also two loop-seals
fluidized by nitrogen placed after the cyclone (d) and in the connection leading from fuel-
to air-reactor. The role of these upper and lower loop-seals is to eliminate gas leakages
between the reactors. Represented in Figure 8 are also the particle filters, as well as the fuel
feeding, steam production unit and a water seal used to collect condensates and to balance
the pressure in the fuel-reactor. The system is not self-supporting in energy and it is

therefore enclosed in an oven that keeps and controls the temperature.
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Figure 8. Pilot unit system: a. Fuel-reactor, b. Air-reactor, c. Riser, and d. Cyclone.
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The fuel-reactor has three main sections: (1) a low-velocity section, which is operated as a
bubbling bed. This chamber is divided into two parts separated by a wall with an opening
at the bottom, through which the particles are conducted; (2) a carbon-stripper with the
purpose to separate char particles from the solids flow going from the fuel-reactor to the
air-reactor; and (3) a high velocity section that gives the opportunity to increase the flow in
the internal loop by increasing the entrainment of the oxygen-carrier from the fuel-reactor.
This option was however not used in the tests enclosed in this thesis. The low-velocity
section is fluidized with steam and in this bed all reactions related to char are expected to
take place, that is, fuel gasification and reaction of the gasification products with the

oxygen-carrier.

The fuel is fed by a vertical fuel chute that ends above the reactor bed. Thereby, most of
the volatiles are released above the bed and have little contact with the oxygen-carrier.
Thus, this unit is useful to know the behavior towards char gasification with different solid
fuels, but does not give information about the conversion of volatile matter. A detailed
description of the 10 kW pilot is given elsewhere (Berguerand and Lyngfelt, 2008a; b). The
solids inventory in the low-velocity section was around 6 kg and the total ilmenite hold-up
in the unit was 15 kg of ilmenite with bulk density of about 2100 kg/m’ and particle size of
+90-250 um. To assess the effect of limestone in the process, 4 kg of a Mexican limestone
used in the Tamuin Power Unit were added. Its density was about 1900 kg/m’ and the

particle size +90-200 pm.

The pilot is equipped with 40 pressure transducers to monitor the pressures. The
temperatures in the air-reactor, fuel-reactor and the air-reactor cyclone are also measured.
Gas sampling outlets are located on both chimneys. At the air-reactor outlet concentrations
of CO, COz, and O: are measured online and at the fuel-reactor outlet concentrations of
CO, COsz, Oz and CHs+ are measured online with Sick Maihak Sidor analyzers and
registered. The H: concentration could also be measured online with a Rosemount
NGA2000 analyzer. Bag samples of the product gas flow from the fuel-reactor were also
taken and analyzed with a gas chromatograph Varian Micro-GC CP4900; this was used to

confirm the results from the other analyzers.
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The flows for the fuel-reactor and the loops seals were kept constant during all experiments
and are shown in The fluidizing gas flows are controlled and monitored by mass flow
controllers. The steam flow to the low-velocity section is controlled by a steam generator.
FLOVEL is the steam flow in the low-velocity section in the fuel-reactor, FCS is the N2
flow in the carbon-stripper, FHIVEL is the N2 flow in the high-velocity section in the fuel-
reactor, FHILS is the N2 flow in the higher loop-seal, FLOLS is the N2 flow in the lower
loop-seal and FFRLS is the N2 flow in the small fuel-reactor loop-seal.

Table 4. The fluidizing gas flows are controlled and monitored by mass flow controllers.
The steam flow to the low-velocity section is controlled by a steam generator. Frover is the
steam flow in the low-velocity section in the fuel-reactor, Fcs is the N2 flow in the carbon-
stripper, Frrver is the N2 flow in the high-velocity section in the fuel-reactor, Frus is the N2
flow in the higher loop-seal, Frots is the N2 flow in the lower loop-seal and Frrus is the N2

flow in the small fuel-reactor loop-seal.

Table 4. Flows for the fuel-reactor and the loop-seals, in Ln/min.
Frover(H20) | Fes(N2) | Frver(N2) | Frms(N2) | Frors(N2) | Frris(N2)
21 6 2 4 4 2

The data evaluation in this facility is the same as for the ICB-CSIC-s1 unit.
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3 Results and discussion






3.1 Properties of ilmenite as oxygen-carrier

The aim of this section (studies published in Papers I and III) is to analyze the main
characteristics of ilmenite as oxygen-carrier in CLC and the changes in its properties
through redox cycles under well-defined conditions. Before this thesis started, there was
little work done about ilmenite in its use in CLC. Leion et al. (2008a,b) proved the
feasibility of using ilmenite as oxygen-carrier to oxidize gaseous fuels. They saw that the
reaction rate of ilmenite increases after several redox cycles, but this activation process was
not analyzed. They also observed that ilmenite is more reactive with CO and H: than with
CHs4, but this study was done in batch fluidized bed and not in TGA, where the reactivity
can be analyzed under well-defined conditions and without diffusional limitations. To
assess the properties of ilmenite as oxygen-carrier, experiments consisting of reduction-
oxidation cycles in a thermogravimetric analyzer (TGA) and in batch fluidized bed were
carried out using the main products of coal devolatilization and gasification, that is, CHs,
H: and CO, as reducing gases. The reaction rates of ilmenite with these fuels were assessed,
as well as the change on reactivity after hundred of redox cycles. Tests with different
H>:CO ratios were also made in order to see the reciprocal influence of both reducing gases

in the reaction rate. The oxidation of ilmenite was also studied.

Both fresh and previously calcined at 950 °C ilmenite were used as initial oxygen-carriers
in TGA but only calcined ilmenite was used as initial material for the experiments in the
batch reactor. The properties of fresh, calcined and samples of ilmenite after different
number of redox cycles and using different reacting gases were determined. The structural
changes of ilmenite, as well as the variations in its behavior with a high number of cycles
were also evaluated with a 100 cycle test in batch reactor. The attrition rates and

fluidization performance of ilmenite in fluidized bed operation was also assessed.

In its use in iG-CLC, the components of ilmenite that can be used for the oxygen transfer
are, considering the components in their oxidized form, Fe:TiOs and Fe:Os. Table 5 shows
the maximum oxygen yields at equilibrium conditions for every step in the reduction
reaction. Thermodynamic calculations show that by reducing Fe:TiOs with CH4, H: or

CO it is possible to reach very near full combustion of fuel gas into H2O and CO: when it
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is reduced FeTiOs, i.e. yo can be considered 1 for practical purposes. Further reduction is
prevented in a CLC system to avoid low fuel gas conversion. Besides, there is risk of

agglomeration in the FeO or Fe oxidation (Cho et al.,2006).

Table 5. Oxygen yields at equilibrium conditions for different reducing gases in presence of
Fe:TiOs and Fe2Os at 900°C.
Oxygen yield (yo);
Oxidized  Reduced  CHs CcO Ho>
Fe:TiOs  FeO-TiO2  0.998 0.997 0.998
FeO'TiO: Fe+TiO2  0.308 0.085 0.067
Fe:0s FesOs4 1 1 1
FesOs Feoss7O 0.741 0.615 0.675

Feo9470 Fe 0.523 0.325 0.385

Thus, both components that carry out the oxygen transfer would react with H> as an
example of reduction reaction according to reactions (36-37) and the subsequent oxidation

as for the reactions (38-39).

Fe:TiOs + TiO:2 + Hz <> 2 FeTiOs + H.O (
3 Fe20s5 + H2 <> 2 Fe;O4 + H20 (37)
4 FeTiOs + Oz <> 2 FexTi0s + 2 TiO» (
4 Fe;04 + O2 <> 6 Fe20s (

3.1.1 Ilmenite reactivity: Activation
Activation with CH4, CO and H: in TGA

The investigation of the conditions in which the activation process of ilmenite occurs, how
fast and whether the improved reaction rate is maintained after many redox cycles was
carried out. Several reduction-oxidation cycles were carried out in TGA to analyze the

reactivity of fresh and calcined ilmenite. Reducing and oxidizing times for each cycle were
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set to 30 minutes. The reducing agents used were 15% CHs+20% H2O, 15% H>+20% H-O
or 15% CO+20% CO:a. In these conditions all the Fe’* of ilmenite was reduced to Fe’*,
that is, the main final species were FeTiOs and FeO. Figure 9 shows the mass variations
undergone by fresh ilmenite in this TGA experiment using CH: as reducing gas and
subsequent oxidation with air. At the beginning, ilmenite was not completely reduced or
oxidized after the fixed reacting time. However, there is an increase in both the reduction
and oxidation extension during the repeated redox cycles. The mass loss is considered to be

exclusively due to oxygen transfer and stabilized after 4 cycles.
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Figure 9. Mass variations during redox cycles in TGA starting from fresh ilmenite.

Reduction and oxidation time: 30 min. Reducing gas: 15%CHs+20%H-0O. T=900°C.

In this study a normalized conversion is used to analyze the changes in ilmenite reactivity.
It is calculated considering that normalized conversion is 1 when the Fe’* present in
ilmenite was reduced to Fe’". In this condition, the mass loss due to the oxygen transferred
is 4.8%, as it can be seen in Figure 9. Figure 10 show the normalized conversion for the
reduction, Xy, and the oxidation, Xno, reactions with time for consecutive cycles of fresh

ilmenite. The reducing gas was 15% CHas+20% H>O and the oxidations were done in air.

Although ilmenite presents initially a rather low reactivity, the oxygen-carrier has a
gradual gain in its reduction reaction rate as well as in oxidation rate. The reactivity
increases up to a maximum value after 4 cycles and stabilizes. This increase is more

pronounced in the reduction reaction than in the oxidation reaction, because the initial
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reactivity for the oxidation of ilmenite for the first oxidation step is relatively high, with
Xno=0.25 in less than 9 seconds for fresh ilmenite. After 4 cycles carried out in TGA a
value for the normalized conversion of 0.8 is reached in 120 s for reduction and 180 s for
oxidation reaction. At this point, it can be considered that ilmenite had achieved maximum
conversion rate in both reduction and oxidation reactions. Therefore, an activation process
was observed which made the reactivity increase during the initial redox cycles. Also, it can
be seen that the oxidation rate decreases gradually at high conversion values (Xno>0.8),
and full conversion is reached in 30 min. This fact indicates that a change in the resistance

control has happened or the oxidation reaction proceeds via two consecutive steps.
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Figure 10. Normalized conversion during a) reduction and b) oxidation periods in TGA of

fresh ilmenite vs. time through several cycles. Reducing gas:15%CHs+20%H-O. T =900°C.

Similar behavior was observed for redox cycles using H> and CO as reducing gases. The
main consequence of ilmenite being more reactive with the number of cycles in the

activation period is that fewer inventories of oxygen-carrier in the reactors are necessary.

Effect of pre-oxidation on activation

Samples of fresh and calcined ilmenite were subjected to alternating reduction-oxidation
cycles using CHs, H2 or CO as reducing gases in TGA. Hundred cycles were performed
and the reducing and oxidizing periods were one minute. Both fresh and calcined ilmenite

achieve the same conversion variation after activation, but calcined ilmenite reached earlier
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the activated state. When using CHs+ as reducing gas, 40 cycles were necessary for the
activation and stabilization for fresh ilmenite, whereas about 30 cycles were enough to
activate calcined ilmenite. Therefore, a previous calcination has a positive effect on both
the reactivity of the oxygen-carrier and the activation rate during the activation period.
Similar behavior was found when the activation was carried out using 15 vol.% H: or
15 vol.% CO as reducing gases, but in these cases calcined ilmenite activated in 9 cycles

with Hz and in 20 cycles with CO.

Activation with CHs, CO, H: and syngas in fluidized bed

The activation of ilmenite was also analyzed in batch fluidized bed with the main gases
involved in the process, because the reactions occur in conditions similar to the real
process. The effect of the activation process of ilmenite, through consecutives redox cycles
on the gas product distribution, was analyzed in a fluidized-bed reactor. CHs, H> or CO
were used as reducing gases. The total solids hold-up in the reactor was 500 g of calcined
ilmenite. The oxygen-carrier was exposed to alternating reducing and oxidizing conditions
at a temperature of 900 °C. The reducing conditions of the experiments performed are
shown in Table 6. All reducing gaseous flows have the same oxygen demand. Thus, the

resulting gas velocity for tests with CH4 was 0.15 m/s and for all other tests it was 0.3 m/s.

Table 6. Experimental conditions during reduction period in the batch fluidized-bed

reactor for experiments 1 to 4. Nz to balance. T=900 °C.

Composition (vol.%) Reducing | Number |  Solids

EXP. HZ:CO t. ( ) f 1 inventory

ime (s) | of cycles

CHs+ H. CO H:O CO: Y (ke/MW)
1 25 - - 10 - - 300 23 670
2 - - 50 - 20 0:100 240 20 480
3 - 50 - 20 - 100:0 180 20 560
4 - 21.5 285 8 8.2 43:57 240 100 250

Figure 11 shows the CO: concentration in dry basis or H2O concentration during

consecutive reduction periods when using CHs, CO and H: as reducing gases. The
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corresponding maximum CO: or H20 fractions if full combustion was reached are also
represented. For every tested reducing gas, there was an increase in the percentage of CO:
and/or H20O in the product gas with the cycles because ilmenite had a gradual gain in its
reaction rate. After several redox cycles, ilmenite reactivity stabilized and the CO: and/or
H:O concentrations achieved the highest values. Thus, an activation process is seen during

the initial redox cycles.
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Figure 11. CO:2 or H2O fractions in the product gas (wet basis) during consecutive
reduction periods in batch FB, for a) CHs4, b) CO and ¢) Ho as reducing gases. The intervals
between reducing periods are removed. Cma: maximum CO: or H2O fraction if full

combustion was reached. Experimental conditions in Table 6. T=900°C.

Reaction with Ho is faster than with CO, and near full H2 conversion was obtained in the
fluidized-bed reactor. Lower reactivity was found for CHs, being CHs the most
unconverted gas. In this case, negligible amounts of H2 or CO were observed during CH:
combustion. Ilmenite activation process depended on the gas used as fuel, i.e., CHs, H> or
CO. Thus, when using CHa it activated after about 20 cycles, for CO after about 10 cycles
and it was faster for Ha, as it took 3-4 cycles. The more reactive is the fuel gas, the lower is

the number of cycles to activate ilmenite particles.
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A long test in fluidized bed was done: 100 redox cycles with syngas as reducing gas was
performed (see conditions in Table 6). The syngas composition is in Water-Gas Shift
equilibrium. Very little H> in the outlet gas was seen at the beginning of the reducing
cycles: about 1-2%. The CO content was about 2.4%. Figure 12 shows the variation of the
oxygen yield, yo, with the solids conversion for various reducing periods from the 100
redox cycles. The oxygen yield is a parameter that gives the idea to what extent the fuel has
been oxidized at each instant of the reducing period. yo=1 corresponds to complete
conversion of fuel gas to CO:2 and H2O. When focusing only in the first 1.5 minutes of
each reducing period, it can be seen that the oxygen yield increases within the first 10
cycles approximately and reach a maximum value of 98%, which is due to the activation of
ilmenite. This maximum value is kept throughout the cycles, which indicates that ilmenite

maintains its reaction rate and does not deactivate. This corresponded to a ® about 0.99.

Number of cycles

60 1 70,eq(1173 K)Fe30,-FeO

0

1.00 0.99 0.98 0.97
Q)

Figure 12. Oxygen yield variation vs. ilmenite mass based conversion for several reduction

periods in a 100 redox cycle test in batch FB with syngas as reducing agent. T=900°C.

On the other hand, after about 1.5 minutes and mass based conversions ® further than
0.99, there was a decrease in the oxygen yield from the cycle 20. In Figure 12 it can be seen
that the yo reached after many cycles was close to the corresponding yo for the

Fe;Os 4> FeO equilibrium. This means that the oxygen transport capacity decreased with
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the number of cycles, because reduction of Fe;Os to FeO is not suitable in a CLC system in

order to get complete combustion to CO:z and H:O.

Activation of ilmenite with coal char

Since this process is really applied to solid fuels, the activation process of ilmenite was also
studied using solid fuels in batch fluidized bed. 16 consecutive redox cycles in batch
fluidized bed were carried out using calcined ilmenite as starting material. Steam was used
as fluidizing gas. Every reduction period consisted of two consecutive loads of 1.5 g of char.
The second load in the same period was fed to get further reduction of the oxygen-carrier.
After the reduction period, the bed material was oxidized by air. As in experiments with
gaseous fuels (TGA and batch fluidized bed) an activation process was also seen using char
as fuel. Effectively, there was a decrease in the unconverted gasification product CO (see
Figure 13), which was similar for H», with the number of cycles accompanied by an
increase in the production of COa. After several redox cycles no further substantial
decrease on CO or H: concentration or increase on CO: concentration were observed and
the CO: concentration achieved the highest value. This proved that ilmenite undergoes an

activation process in its reactivity using char as fuel during the initial 6 or 7 cycles.
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Figure 13. Molar flow evolution with time of CO in the gas product during the initial 10
reduction cycles. Every cycle consisted of 2 loads of char, 1.5 g each one, in batch FB. The

intervals between reducing periods are removed. Gasification agent: steam. T=900 °C.
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Activation for oxidation

The activation in the oxidation reaction was also studied in the 100 cycle test performed in
fluidized bed and using a syngas mixture as reducing agent (21.5% H:+28.5% CO+8%
H>0+8.2% CO»), with reducing periods of 4 minutes. After every reducing period, the
ilmenite bed was fully re-oxidized with diluted air (10% O:) in the oxidation period with a
gas velocity of 0.23 m/s. At the beginning of the oxidation period no oxygen could be seen
in the produced gas, since it reacted with the reduced ilmenite. After this period, the
breakthrough curve of oxygen appeared. This curve is different depending on the reactivity
of the bed material (Adanez et al., 2005). For higher number of cycles this second step of
reaction appeared later and at higher oxidizing conversions (see Figure 14.a)) until roughly
equal breakthrough curve is obtained, this being the activation period. This behavior was
also in line with TGA results. For a mass based conversion of 0.975 in the previous
reduction periods, the activation in the oxidation reaction took about 8 cycles. The
oxidation reaction was fast and fully oxidized ilmenite was reached in every cycle.
Oxidation seems to happen in two steps. From Figure 14.b) it could be seen that if the area
under the O: curve was integrated, the oxygen amount taken by ilmenite with the number
of cycles was slight but gradually decreasing. That is because in the previous reducing

period ilmenite was less reduced, as the oxygen transfer capacity was gradually decreasing.
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Figure 14. O: profiles in the product gas for a) the first 20 oxidation periods and b)
subsequent oxidations in batch FB from cycle 20 to cycle 100. Previous reductions with

syngas up to conversion ® ~0.975. Oxidations with 10% O2. T=900 °C.

51



3.1.2 Characterization of ilmenite

Table 1 shows the main physical and chemical properties of the fresh, calcined and

activated Norwegian ilmenite used as oxygen-carrier in the experiments of this research.

The major change with respect to the initial ilmenite was that porosity increased
substantially with the redox cycles. For the 100 cycle test using syngas as reducing agent in
batch fluidized bed, the initial porosity of calcined ilmenite was 1.2%, after 20 cycles it was
27.5% and after 100 cycles it reached the value of 38%. The pore distribution shown in
Figure 15 confirms that the minimum pore size is about 30 nm, but as porosity increases,
the pore size distribution locates at higher pore diameters and the average pore diameter

gradually increases with the number of cycles and higher size pores are formed.
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Figure 15. Pore distribution of different samples of ilmenite samples taken after several
redox cycles in Batch FB using syngas as fuel (conditions in Table 6): Calcined, after 8

cycles, after 18 cycles and after 100 cycles.
Figure 16 shows SEM microphotographs of the general overview and external surface of

several particles that confirm the low pore development for fresh and calcined ilmenite and

the gain of granular shape on the surface and porosity after several redox cycles.
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Figure 16. SEM images of a) a general overview of several particles, b) the external surface

of particles of fresh, calcined ilmenite and ilmenite after undergoing several redox cycles.

Figure 17 shows the evolution of porosity by SEM photographs of cross-cut particles of
different samples taken from the 100 cycle experiment done using syngas as reducing agent
in batch fluidized bed. Throughout the reduction-oxidation cycles, there is a continuous
appearance of porosity, since the final porosity after 100 redox cycles was measured to be
38%. Moreover, a gradual generation of an external layer slightly separated from the rest of
the particle which grows with the number of cycles could be clearly observed. This space

between the layer and the core also enhances the porosity measured for the particle.

Figure 17. SEM-EDX images of cross-cut ilmenite particles a) calcined and after b) 16, ¢) 50

and d) 100 redox cycles, using syngas as reducing agent in batch FB.

EDX analyses were done to determine Fe and Ti distributions throughout the particles, see

Figure 18. In fresh and calcined ilmenite distributions of both elements were uniform,
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which agrees with the XRD analysis that reveals Fe:TiOs as main component. For
activated ilmenite the particle core is titanium enriched, whereas the external part is iron
enriched. XRD analyses to the external part found that this region is composed only by
iron oxide, whereas XRD to the internal core revealed the existence of TiO: and Fe:T10Os.
Thus, the external shell formed during activation period was Fe enriched, likely due to a
physical segregation of Fe:TiOs and subsequent migration phenomenon of Fe:O3 towards
the external part of the particle, where there is no TiO: to form iron titanates. The
diffusion of iron -or titanium, depending on the conditions- within the ilmenite particles
was already reported by Rao and Prototypeaud (1975). However, this iron migration or
layer formation did not appear in other ilmenite samples that were activated in a different
way, for example in case of the samples activated in batch fluidized bed using char as fuel,
or even in case of ilmenite that was used for about 100 hours of operation using coal as fuel
(see Figure 19). This is because in those tests the reduction degree of ilmenite was low,

compared to the higher conversion reached in the experiments done using syngas as fuel.
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Figure 18. EDX line profiles of Fe and Ti in a) calcined and b) activated ilmenite particle.

Figure 19. SEM-EDX images of cross-cut ilmenite particles a) activated ilmenite in batch FB
using char as fuel after 16 cycles, b) activated ilmenite used for about 100 hours of

operation using coal as fuel in the 10 kWw CLC facility.
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To evaluate the fraction of Fe as FexTiOs or Fe:Os as a function of the number of redox
cycles, particles subjected to different numbers of redox cycles (up to 100 cycles) in TGA
with 15 vol.% Hz, CO or CHs as fuel gas during the reduction period were analyzed by
XRD. Figure 20 shows the semi-quantitative mass fractions of Fe:TiOs and Fe:Os in the
oxidized ilmenite particles as a function of the number of cycles when H: was used as

reducing gas. It can be seen that the Fe:TiOs fraction decreases with the number of cycles

whereas the Fe:Os fraction increases.
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Figure 20. Mass fraction of Fe:Os and Fe:TiOs in ilmenite after several redox cycles in

TGA up to 100 cycles. Oxidation and reduction periods: 1 min. Reducing gas used: 15% H-
+ 20% H20. T=900 °C.

Initial and activated ilmenite particles after 20 cycles in batch fluidized bed using syngas as
fuel had relatively high values of crushing strength; because it varied from 2.2 N to 2.9 N.
The values of crushing strength obtained are similar to other Fe-based oxygen-carriers and
they are acceptable for the use of these particles in circulating fluidized bed (Johansson et
al., 2006b). However, particles after 50 and 100 cycles in fluidized bed show a decrease in

the crushing strength down to a value of 1 N after 100 cycles (see Figure 21).
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Figure 21. Mechanical strength evolution with the number of cycles. T=900 °C.

1 N is considered to be the minimum value for the use of a material in interconnected
fluidized-beds (Johansson et al., 2004). Nevertheless, since in these particles there was
formation of an external layer, the normal strength under which the particles are subjected

could break this layer and not the whole particles.
Variation of the oxygen transport capacity, Roim

The oxygen transport capacity is a fundamental property of the oxygen-carrier since it
determines the recirculation rate and solids inventory in the system, and therewith the
suitability of ilmenite as oxygen-carrier in CLC. The oxygen transport capacity is the
oxygen fraction of the total oxygen-carrier mass that can be used in the oxygen transfer
(Eq. 8). However, free Fe2Os is only capable to fully convert CO and H: into CO: and
H:O when 1t is reduced to Fe;O4. On the other hand, Fe:T1Os can be reduced to FeT10:s.

Therefore, Ro,im depends on the relative abundance of free Fe2Os and iron titanates, which
varies with the number of redox cycles. As the number of cycles increases, the fraction of

free Fe2Os rises at expenses of Fe2TiOs. With these percentages the Ro,im can be calculated:

R

0,ilm =R0,Fe203 f Fe,0, +R0,FeZTiO5 f Fe,TiO; (40)

RO,FeZOS is the oxygen transport capacity of Fe2Os when converted to Fe;Os (Ro,pezoj =3.3%)
and Rjg o, is the oxygen transport capacity of Fe:TiOs when converted to FeTiO:s

(R, p;mi0, =6.7%). 1 r,0, and f}:eznos are the Fe2Os and Fe TiOs mass fractions, respectively
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The initial Rojim value for calcined ilmenite was 4.0 %wt. However, the fraction of free
FexOs increases with the number of cycles due to the mentioned Fe:TiOs segregation. As a
consequence, the oxygen transport capacity decreases because free FexOs reduction to
Fe;Os transfers less oxygen than its reduction to Fe**. This decrease of Ro,im was starker for
the first cycles and after several cycles the decrease was slight and continuous. After 100

redox cycles in TGA with H: as reducing gas Ro,im had decreased down to 2.1 %wt.

The values of Ro,im were also measured by TGA when reducing the samples with 5%H: +
40%H:O to ensure that the final reduced species are FeTiOs + Fe;Oa. Figure 22 shows the
Ro,im value obtained for samples extracted from experiments in batch fluidized bed, as well
as the values calculated from the measured fraction of Fe:TiOs and Fe:0s in the solids (in
Figure 20). The results indicate a similar variation of oxygen transport capacity during
cycles in TGA or batch fluidized bed. The disadvantage of having a decrease in Rojim is that

higher solid circulating flows between reactors are needed.
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Figure 22. Measured in TGA and theoretical Roc. Roc variation with the number of cycles

reduction periods in a 100 redox cycle test using syngas as reducing agent (see conditions in

Table 6). T=900 °C.

From all the experiments performed in TGA and batch fluidized bed, the decrease in the
oxygen transport capacity was not influenced by the reducing agent used. For the different
gases used, if the reduction degree of ilmenite in every cycle was the same, the final Ro,in
had the same value. It depended only on the extent of conversion reached in every cycle.
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Higher conversions led to a greater extent of segregation of Fe:TiOs to Fe:03+TiO2 and
therefore stronger decrease in Ro,m. This correlation between Ro,m and the extent of
conversion can be seen in Figure 23, which shows the decrease in the oxygen transport
capacity after around 20 cycles in the experiments in batch fluidized bed with the different
gaseous fuels tested, i.e., CHs, CO, H2 and the CO+H: mixture, as a function of the
ilmenite conversion reached in every reducing cycle. Figure 23 also includes the Roim of
ilmenite particles after 35 h of continuous operation in a CLC unit fuelled with coal. The
oxygen transport capacity decreased only to 3.9% and the reduction conversion in the
continuous tests was about 0.23. The same occurred with the ilmenite sample that was used
in the 10 kWu prototype: it had been used for about 100 hours of operation, where Rojim
was also measured to be 3.9%. Thus, working with low values of AX allows to maintain

the initial Ro,im roughly constant during long time.
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Figure 23. Decrease in the oxygen transport capacity after 20 cycles as a function of the
ilmenite conversion reached in every reducing cycle in the experiments in batch fluidized

bed using CHs, CO, H> and syngas as fuel and in continuous test with coal as fuel.
3.1.3 Analysis of the reactivity

The reactivity of calcined and activated ilmenite was investigated using H>, CO or CHs as
reducing gas, in TGA as well as in batch fluidized bed. Figure 24 represents the conversion
curves obtained in TGA during reductions using H2, CO and CHz+ as reducing agents and
during oxidations with air for a) calcined and b) activated ilmenite. It demonstrates that for

the different reducing gases, calcined and activated ilmenite react faster with Hz than with
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CO and CHs. After the activation, for Hz2 and CO the reactivity increased around 5 times,

while for CH4 this increase was about 15 times.

To analyze the reactivity of the oxidation reaction, it was necessary to reduce the sample
first until the particles were composed of FesOs and FeTiOs, so simulating the behavior
expected in a CLC system. Tests carried out by TGA showed that the oxidation rate was
the same independently of the gas previously used for the reduction. The reactivity of the
oxidation reaction is higher than the reactivity for the reduction with Hz, CO, and CHs,
except for the oxidation of calcined ilmenite for solid conversions higher than =0.25.
After this value, the reaction rate sharply decreased for calcined ilmenite. Nevertheless,

complete oxidation of calcined particles was reached after a long enough oxidizing period.
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Figure 24. Conversion vs. time curves obtained in TGA during reduction period using Ho,
CO or CHs as reducing agent (continuous lines). Oxidation by air is showed for the
reduced ilmenite (dotted lines): a) calcined and b) activated ilmenite. Reducing gas mixtures:

15% Hz + 20% H2O or 15% CO + 20% CO: or 15% CHa4 + 20% H20. T=900 °C.

In order to assess whether ilmenite has adequate values of reactivity and oxygen transport
capacity for its use in the CLC technology, the rate index is calculated for H2, CO, CHa
and Oz. The rate index (see Eq.10) can be used to compare ilmenite with other oxygen-
carriers that have been proposed for CLC. Figure 25 shows the rate index obtained in TGA

for every reacting gas as a function of the number of cycles. The rate index increased
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during the activation period and eventually reached a maximum and stable value that was
kept constant during the cycles. The maximum value of the rate index was around
5.1%/min for Hz, 1.6%/min for CO, 3.1%/min for CH4 and 8.1%/min for Oz. Other iron-
based oxygen-carriers previously tested by Johansson et al. (2006b) had normalized rate
index values with CHs within the range of 0.4 to 4%/min. This fact agrees with the results
showed by Leion et al. (2008a), where it was concluded that ilmenite reacts just as well as a
synthetic Fe2O3/MgALO: oxygen-carrier. Nevertheless, it is necessary to remark that
ilmenite is a natural mineral and a considerably cheaper material than a synthetic material
and it has adequate values of reactivity and oxygen transport capacity for its use in the

CLC technology with solid fuels.

Rate index (%/min)
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Figure 25. Variation of the rate index with the number of redox cycles in TGA. Oxidation

and reduction periods: 1 min. Reacting gases: 15% Ho, 15% CO, 15% CHs and 10% O:.

The reduction reactivity of ilmenite in fluidized bed was also assessed. Figure 26 plots the
normalized rate index as a function of the mass based conversion in the reduction reaction
for calcined and activated ilmenite for the gases tested and shows that the reaction rate of
ilmenite increased after activation. In case of CHa the increase in the reaction rate is greater
than with the other gaseous fuels, as the rate index raised here in batch fluidized-bed 5
times after activation. The increase in the rate index for CO and for H> was lower and it
was about 2 times. The resulting rate index calculated from these experiments (Eq. 16) were
lower compared to the values obtained in TGA because in fluidized bed there is resistance
to mass transfer between the bubble and the emulsion that makes the effective

concentration lower to the concentration of the gas main flow.
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Figure 26. Normalized rate index as a function of the ilmenite mass based conversion, ®,
for the reduction reactions with CHs, CO and H: with calcined and activated ilmenite in

batch FB. Pri=0.15. T=900 °C.

Reactivity with syngas

Additional redox cycles with different H2:CO ratios in fluidized bed were also done with
the same activated ilmenite after the 100 cycles with syngas. The reducing periods lasted
240 seconds and the gas velocity of the reducing flow was 0.3 m/s. The solids inventory in
these tests was 250 kg/MWw. Figure 27 plots the average rate index as a function of the
fraction of H: in the reducing agent. It can be seen that the reaction rate was higher for the
experiments carried out with H> and the lower values were obtained when using only CO.
The dotted line is a theoretical rate index calculated as sum of the rate index of Hz and CO
multiplied per their corresponding fractions. It can be seen that the resulting reaction rates
for all syngas mixtures tested matches with the theoretical line. Therefore, the reaction rate
for a syngas mixture can be actually calculated as the sum of both reducing agents reaction
rates. As it has been observed with other Fe oxygen-carriers (Abad et al., 2007a). In
addition, no significant displacement of the Water-Gas Shift (WGS) equilibrium towards
CO or H: formation can be deduced. If WGS reaction was relevant, more H: could be
produced by reaction of CO with H2O in excess. As Hz is more reactive than CO, the
WGS would cause an increase in the rate index compared to the theoretical rate calculated

as the sum of the rates with Hz and CO.
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Figure 27. Average normalized rate index as function of the fraction of H: in the reducing

gas for different H2:CO mixtures. T=900 °C.

In this study, ilmenite was seen to undergo an activation process. The achieved maximum
reaction rate is maintained throughout the cycles for all gaseous fuels tested. The activation
is faster if ilmenite is pre-oxidized. Besides, it is also quicker if the conversion degree

reached in the reducing periods of the redox cycles is higher.

3.1.4 Carbon formation and fluidizing behavior

Carbon formation

The deposition of carbon from carbon containing gases is a concern because it can
deactivate the oxygen-carrier. It can also cause defluidization problems. Besides, if carbon is
formed, it can be further directed to the air-reactor where it will be burnt, being therewith
the carbon capture efficiency decreased. The conditions for which carbon formation is
thermodynamically possible in the CLC process depend on the amount of oxygen added
with the oxygen-carrier as well as the temperature and pressure. Nevertheless, there was no
CO or CO: observed any time during inert or oxidation periods when using carbon-
containing fuel gases, i.e. CHs and CO, indicating that there was not accumulation of

carbon during reduction periods.
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Particle integrity and attrition

The attrition rate of the carriers is an important parameter to be accounted as a criterion
for using a specific oxygen-carrier in a fluidized-bed reactor. High attrition rates will
decrease the lifetime of the particles increasing the reposition of the oxygen-carrier in the
CLC system. 100 redox cycles were done in 56 hours of operation in fluidizing conditions.
Figure 28 shows the attrition rate as a function of fluidization time. The loss of fines was
considered as the recovered particles with a diameter under 40 pm. The initial value of
attrition at the beginning is due to the rounding off of angular initial ilmenite particles.
With the number of cycles, an external layer was formed, and that this layer is mainly
composed by iron oxides. After 40 hours of operation the attrition rate stabilized to a low
value: 0.076%/hour. Furthermore, XRD analysis of fines showed that they are formed
only by iron oxide. This fact suggests that fines are produced by an attrition process in the
particle surface, and not by the fragmentation of particles. There is particle rounding and
detachment of part of the external layer, but no particle fragmentation. The resulting
average lifetime of the particles was 1310 hours. This is an acceptable value. Furthermore,
ilmenite particles are expected to be lost together with coal ash removal in this technology,

so the continuous feeding of new oxygen-carrier will be also determined by this loss.
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Figure 28. Fine attrition rate in batch FB as a function of fluidization time. T=900 °C.

Defluidization

The behavior of ilmenite with respect to particle agglomeration in the fluidized-bed has

been also analyzed in this work. Particle agglomeration must be avoided because it can lead
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to bed defluidization that causes solids circulation disturbances and channeling of the gas
stream through the bed, which turns the contact between gas and particles less efficient.
During the experimental tests, defluidization problems were never observed. Moreover,
particles extracted from the fluidized-bed at the end of the tests did not show

agglomeration evidences.

3.2 Gasification in CLC with solid fuels

Char gasification is one of the crucial steps to take into account, since in this technology
char must be previously gasified to react with the oxygen-carrier and get oxidized to CO..
Leion et al. (2007) reported an enhancement of the gasification rate of a petcoke due to the
presence of a Fe-based oxygen-carrier. Leion et al. (2008a) saw that the gasification rate is
influenced by the temperature and the amount of gasification agent introduced. They also
observed that ilmenite showed similar results than a synthetic Fe-based oxygen-carrier with
different fuels. Besides, CO: was used as gasification agent by Leion et al. (2009¢) with a
bituminous Colombian coal as fuel. Their evaluation was focused on the general fuel
conversion comparing both gasification agents, which was 5 times faster with steam as

compared to CO..

To have a comprehensive knowledge of char conversion within the frame and conditions
of CLC with solid fuels, the parameters that influence both the gasification rate and the
later combustion of the gasification products must be deeply studied to improve the
performance of the process. The study was done in a batch fluidized bed reactor as valuable
information can be obtained in this device under defined conditions and as a previous
facility before doing tests in a continuous prototype. The aim of this section, a study that
constitutes Paper IV, is to analyze the performance of ilmenite as oxygen-carrier for iG-
CLC regarding the char conversion and the conversion of gasification products. The effect
of ilmenite itself and the gasification agent, i.e. H:O, CO:2 or H:O/CO: mixtures at
different temperatures, on the gasification rate and on the combustion of the gasification

products were evaluated. Successive redox cycles were carried out in a batch fluidized bed
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using char from a South African MV bituminous coal as reducing agent. Every reduction
period consisted of two consecutive loads of 1.5 g of char. After the reduction period, the
bed material was oxidized by air. In some tests, a second load of char was fed in the same

reduction period to get further reduction of the oxygen-carrier.

3.2.1 Role of ilmenite in char gasification

The effect of ilmenite as oxygen-carrier in the gasification process was evaluated by
comparing the gas product distribution obtained using ilmenite or silica sand as bed
material. Lower concentrations of CO and H: were obtained when using ilmenite as bed
material compared to sand. No CH4 was observed during any test, since the volatile matter
content in the char is negligible and no methane was generated at these conditions, e.g. by
methanation of hydrogasification reactions. From the concentrations obtained, an
instantaneous rate of char conversion is calculated with Eq. (21), which is shown in Figure
29. Average values of char conversion rate of 10.9%/min for ilmenite and of 6.5%/min for
sand were obtained at 950 °C using steam. Thus, the use of ilmenite improves the char
gasification rate because it has an effect on the gas distribution, as it reacts with CO and Ha,

which are well known to be inhibitors for the char gasification reaction.
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Figure 29. Instantaneous rate of char conversion, 7cin«(t), as a function of the char
conversion with activated ilmenite and sand as bed materials. Loads of 1.5 g char in batch

FB. Gasification agent: steam. T=900 °C.
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Solid-solid reaction between char and oxygen-carrier particles has been reported to happen
at relevante rate in TGA (Siriwardane et al., 2009). T check this possible solid-solid reaction
in a fluidized bed, tests were performed using Nz as fluidizing gas and ilmenite or sand as
bed material. In both cases almost negligible CO2 or CO concentrations were generated.
This means, that the possible solid-solid reaction among char and the oxygen-carrier
happened at a negligible rate. A substantial increase in the rate of char gasification could be
observed when a gasification agent (H:0) was used as fluidizing gas. Therefore, the
conversion of the solid fuel when is fluidized with H:O was mainly happening through

gasification as an intermediate step, with CO and H: as intermediate products.

3.2.2 Effect of the fluidizing gas composition

H>O and CO: can be used as fluidizing gases because both can act as gasifying agent. CO:
can be fed by recirculating a fraction of the product gas stream. Thus, the steam
requirements for the gasification would be decreased in some extension if a mixture of CO:

and H2O was used, or even avoided if a pure stream of CO: was used as fluidizing gas.

Here, the effect of using a gas mixture of CO: and H2O on the gasification of char particles
from the South African bituminous coal was analyzed. Figure 30.a) shows the
instantaneous rate of char gasification, rcn«(t), as a function of the char conversion when
the reactor was fluidized by different H2O:CO: mixtures, and Figure 30.b) shows the
evolution with time of the char conversion working with different H2O:CO: ratios. The
instantaneous rate of char conversion increased significantly as higher was the H.O
percentage in the gasification gas. Thus, the average gasification rate of char from South
African bituminous coal dropped from 10.9%/min for steam to a value of 3.4%/min for
gasification with COz. For 100% steam, most of the char is gasified the first 30 minutes,
whereas only 60% char conversion was reached after 30 minutes with CO:. From these
results it can be concluded that steam seems to be the more adequate fluidizing gas for
bituminous South African coal to reach high char gasification conversion. This fact will
depend on the type of coal used, as it will be later explained with experiments done in

continuous operation with different types of fuels.
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Figure 30. a) Instantaneous rate of char conversion, rcins(t), as a function of the char

conversion and b) Char conversion vs. time curves with activated ilmenite as bed material
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with different H.O:CO: ratios. Loads of 1.5 g char in batch FB. T=900 °C.

In this technology, the gasification products, mainly composed of CO+H>, must react
with the oxygen-carrier getting oxidized. Figure 31 shows the evolution of combustion
efficiency, 1., with the char conversion for different H:O:CO: ratios. The combustion
efficiency decreases as the CO: content in the fluidizing gas increases. Although the flow of
reacting gases is lower with COz, they are enriched in CO. That is, the use of CO: as

gasification agent leads to a worse combustion, since ilmenite reacts slower with CO than

with Ho.

Figure 31. Combustion efficiency vs. char conversion for several H:O:CO: ratios. Bed
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material: Activated ilmenite. Loads of 1.5 g char in batch FB. T=900 °C.
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3.2.3. Effect of reacting temperature

The effect of the reacting temperature on the gasification rate and the subsequent
conversion of gasification products by reaction with ilmenite particles were studied in the
batch fluidized bed. Figure 32 shows the instantaneous rate of char conversion, rcins(t), as a
function of the char conversion when the reactor temperature was 900, 950 or 1000 °C and
fluidizing gas was steam or COsz. It can be seen an important increase in the rate of char
conversion with temperature when steam is used as gasifying agent. The average rcin: value
increases from 10.9%/min at 900 °C up to 37.3%/min at 1000 °C. Gasification rate with
CO: also increased: the average rcins value increases from 3.4%/min at 900 °C up to
6.9%/min at 1000 °C. The apparent activation energy, Ei, can be calculated from these
values assuming an Arrhenius type dependence with the temperature, thus E.=162 k]/mol
for steam gasification and E.=88 kJ/mol for gasification with COz. The residence time that
would be needed to convert 95% of char fed to the reactor is 7.8 min at 1000 °C for the

char particles when using steam, whereas 43.4 min should be necessary using CO..
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Figure 32. Instantaneous rate of char conversion, 7cin«(t), as a function of the char
conversion at 900, 950 and 1000 °C in batch FB. Fluidizing agent: a) H.O; b) COa.

Activated ilmenite as bed material. Loads of 1.5 g char.

As for the combustion efficiency, for both gasification agents the combustion efficiencies
are promoted with the temperature, as ilmenite reacts faster at higher temperatures.
However, the dependence of mc with temperature was of lower relevance that those

showed for char gasification, see Figure 33. The combustion efficiency for steam is very
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high and increases from about 89% at 900 °C to 95% at 1000 °C. Note that although the
resulting 1c at 950°C and 1000°C is almost the same, the amount of oxidized gases is higher

due to an enhanced extent of gasification. When using CO: as gasification agent 1c rises

from about 59% at 900 °C to 65% at 1000 °C.
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Figure 33. Combustion efficiency as a function of Xchar at 900, 950 and 1000 °C in batch
FB. Fluidizing gas: a) H2O; b) COz. Bed material: activated ilmenite. Loads of 1.5 g char.

In conclusion, a relevant increase in the gasification rate was seen when ilmenite was used
compared to an inert bed material, because ilmenite reacts with H> and CO which are
gasification inhibitors. Steam is preferred as gasification agent to COz, since with this coal
the gasification rate with steam is higher. High temperature enhanced steam gasification
substantially: the residence time to convert 95% South African bituminous coal char

decreased from 27.5 min at 900°C to 7.8 min at 1000°C.

3.3 Continuous operation of CLC with solid fuels

Up to 2011, there have been only several studies done in continuous CLC units fuelled
with solid fuels. Berguerand and Lyngfelt (Berguerand and Lyngfelt, 2008a; b; 2009 a; b)
used a 10 kW chemical-looping combustor with ilmenite as oxygen-carrier and South
African coal and petroleum coke as solid fuels. They analyzed the combustion process

focusing on char conversion. They analyzed mainly the temperature as one of the main
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parameters of influence in the system performance, being higher efficiencies reached at
high temperatures. Temperatures above 1000 °C were tested in some cases (Berguerand and
Lyngfelt, 2009a). Combustion efficiencies from 85 to 95 % and average carbon capture
efficiencies of 80% were obtained in all the experimental works at high temperatures with
fuels of low volatile content. Biomass as solid fuel was evaluated by Shen et al. (Shen et al.,
2009a) in a continuous 10 kWw CLC combustor using an oxygen-carrier prepared from
iron oxide and CO: as gasification medium. Gu et al. (Gu et al., 2011) also proved the
feasibility of using CLC for both biomass and a biomass/coal mixture as solid fuels in a
continuous 1 kWw CLC facility using an Australian iron ore as oxygen-carrier. In order to
get more knowledge about the iG-CLC process, in this thesis various series of experiments

were performed in two continuous CLC units for solid fuels.

The first one is the ICB-CSIC-s1 unit placed at the Instituto de Carboquimica-CSIC,
Zaragoza, Spain. The maximum thermal power reached in these experiments was 580 Wi
The two main advantages of this facility are that it allows the control and measurement of
the solids circulation flow rate and that the fuel is fed at the bottom of the reactor, so the
volatiles get in contact with the oxygen-carrier bed. This facility has no carbon separation
system, which facilitates the evaluation of the effect of the solids mean residence time. The
experiments were done with several fuels ranging from lignite to anthracite. Nevertheless,
most experiments were carried out with HV bituminous Colombian coal El Cerrejon as
fuel. A total of 98 hours of continuous operation feeding fuel and 122 hours of continuous
fluidization were made in this prototype, where the carbon capture and combustion
efficiency of the CLC process with coal was analyzed. The effect on the process of several
variables of operation was assessed. Results obtained from the experiments performed in
this unit are presented in Papers V, VI and IX. In Paper V the different behavior and
conversion of the char and the volatile matter is analyzed, as well as the fuel-reactor
temperature and the coal particle size on the system performance. Besides, the property
variation of ilmenite along the operating time could be analyzed. In Paper VI the effect of
variables of operation such as solids recirculation rate, coal feeding flow, and flow and type
of gasification agent is studied. Paper IX evaluates the feasibility of using different types of

coals, as well as the effect of the coal rank on this technology.

70



The second unit has a thermal power of 10 kW and is placed at Chalmers University of
Technology, Goteborg, Sweden. Since in this facility the volatiles are not efficiently mixed
with the oxygen-carrier bed because of its above-bed feeding system, petcoke was used as
fuel due to its low content in volatiles. A total of 4 hours of continuous operation feeding
fuel and 8 hours of fluidization were made in this unit, where the influence of limestone
addition to ilmenite in the CLC process with solid fuels was evaluated. Results obtained
were presented in Paper VII. Both CLC prototypes were easy to operate and control, and

the steady state for each operating condition was maintained stable for at least 30 min.

Table 7 shows the conditions for the series of experiments carried out with Colombian coal
in the ICB-CSIC-s1 facility. One further test was done with sand as bed material with a feed
flow of 75 g/h of coal and steam as fluidizing agent at 915 °C. The total sand bed mass in

the system was 1.8 kg and the solid bed mass in the fuel-reactor was 0.38 kg sand.

Table 7. Conditions for the experiments with bituminous Colombian coal as fuel. A) Fuel-
reactor temperature variation for different coal particle sizes; B) Variation of coal flow rate;
C) Solids circulation flow rate variation for different coal particle sizes; D) Variation of the

gasification agent flow; E) Variation of the gasification agent type (H20O:CO: mixtures).

Coal particle  Trr ~ Coal feed Solids circ. Gasif.agent H.0:CO:

B eum) 0O (/h) Flowlkg/h) fow(L/h)  (6%)
Al 74-125 820-950 42 35 180 100:0
A2 125-200 820-950 42 3.5 180 100:0
A3 200-300 820-950 42 35 180 100:0

B 74-125 890 33-83 8.4 190 100:0
C1 74-125 41.1 1.2-11.6
C2 125-200 890 46.7 1.0-3.6 190 100:0
C3 200-300 38.5 1.6-11.3
125-200 940 161 2.5 110-190 100:0
E 125-200 935 72 33 190 100:0-0:100

The activation process on ilmenite reactivity was observed in the continuous ICB-CSIC-s1

unit, as ilmenite samples were extracted after several hours of operation and the reactivity
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was measured by TGA. It could be considered that ilmenite was already active after 3
hours for the reduction reaction. However, ilmenite was not completely activated for
oxidation reaction after 35 hours operation yet and it was almost fully activated after 98
hours. This was attributed to the fact that it had not developed enough porosity. This was

because in the continuous tests the ilmenite conversion variation was low.

As an example, in Figure 34 the obtained gas distributions (dry and N: free basis) in fuel-
and air-reactor for tests with increasing fuel-reactor temperature in the ICB-CSIC-s1 unit
are represented. The outlet of the fuel-reactor was mainly composed of oxidized CO:, and
H: and CO as not fully oxidized products. In case of this series of experiments, it can be
observed that an increase in the fuel-reactor temperature led to an increase in the generated
CO: and to a decrease in the unburnt gases in the fuel-reactor, that is, CO, H> and CHs,
and to a decrease in the CO: in the air-reactor, which was ungasified char coming from the

fuel-reactor that was burnt in the air-reactor.
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Figure 34. Gas distributions in fuel-reactor (dry basis and N2 free) and air-reactor for
increasing fuel-reactor temperature in continuous test. Solids circulation flow: 3.5 kg/h.

Fuel: pre-treated bituminous Colombian coal. Coal particle size: +125-200 pum.
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A key aspect of the process is the oxidation of the gasification products by ilmenite, as well
as the released volatile matter, and possible tars formed. Experiments with char showed
complete combustion of gasification products to CO: and H2O. Therefore, unconverted

gases should come from incomplete combustion of volatile matter.

In order to evaluate to what extent ilmenite oxidizes the volatile matter, an experiment
with sand as inert bed material was done with coal as fuel at 915 °C and steam as
gasification agent in the fuel-reactor. Therefore, from the comparison between the tests
with ilmenite and sand as be materials, at 915 °C the combustion efficiency of the released
volatiles by the oxidation with ilmenite was 38.3% for CHs, 35.3% for CO and 79.0% for
Ho. The reaction differences between gases are due to the reaction rates of ilmenite, since it
reacts faster with Hz and slower CHs. In addition, more oxygen transfer is needed to

oxidize CHs. Thus, the combustion efficiency of the volatile matter was 63.0%.

For sand as bed material, the GC measurement showed that the fuel-reactor product gas
had compositions of 0.13% C:He and 0.04% CsHs. Besides, the tar content in the fuel-
reactor outlet was measured to be 0.895 g/Nm’ dry gas. Although the quantities measured
of both tars and higher hydrocarbons for this fuel were quite low in absence of an oxygen-
carrier, ilmenite showed to promote the decomposition and later oxidation of those species,

since no tars either hydrocarbons heavier than CH: were formed when using ilmenite.

Char gasification increased from 5.2% with sand to 48.1% with ilmenite as bed material.
This can be explained through the inhibitory effect that causes the presence of high

amounts of H2 and CO in the fuel-reactor, as they do not react with the oxygen-carrier.

3.3.1 Effect of fuel-reactor temperature

The influence of the fuel-reactor temperature on the main parameters of the CLC process
for 3 different coal particle sizes, i.e., +74-125 um, +125-200 pm and +200-300 pm, was
studied. Temperatures from 820 to 950 °C were used in this study. Figure 35 represents the

efficiencies of carbon capture, char conversion and combustion as a function of the reactor
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temperature for different coal particle sizes. As it was presumable, the results show that
there is a continuous increase of all efficiencies with the temperature for all coal particle
sizes. In this prototype carbon capture presented low values below 920 °C. This was
because the gasification rate at these temperatures is slow and thus a relatively high amount
of char went to the air-reactor. The carbon capture at 870 °C had a value of 35% and
increased up to 86% at 950 °C. The increase in the carbon capture efficiency with the
temperature is due to more carbon in char is being gasified in the reactor. The char
conversion changed from 15% at 870 °C to 82% at 950 °C as extreme cases. If the trends
are extrapolated, it could be expected that all efficiencies would reach a value close to 100%
at 1000 °C, which means that most of carbon in the coal would exit with the fuel-reactor
flue gases. This unit has no carbon separation system, so the ungasified char from the fuel-
reactor 1s directed to the air-reactor where it is burnt with air. Nevertheless, the absence of
a carbon stripper facilitates the interpretation of the effect of the operational conditions on

the char conversion, specially the effect of the mean residence time.
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Figure 35. a) Carbon capture, b) char conversion and ¢) combustion efficiency variation
with fuel-reactor temperature for various coal particle sizes. Particle size: —@— 74-125 pum;

—A— 125-200 pum; —8— 200-300 pm.

The combustion efficiency varied from 70% at 870 °C to 95% at 950 °C for the middle and
bigger particle sizes. It is likely that the combustion efficiencies observed for the smaller
particle size were lower because relevant fraction of char was gasified in the upper part of
the reactor, where gasification products are not in contact with the oxygen-carrier. Full

oxidation of the outlet fuel-reactor stream was not achieved in any of the previous CLC
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experiments with solid fuels performed to date (Berguerand and Lyngfelt, 2008a; b; 2009a;
b; Wu et al., 2010; Shen et al., 2009a;b;c;2010). Furthermore, the extent of unburt gases was
similar as if a highly Ni-based oxygen-carrier was used (Shen et al., 2009b;2009¢;2010).

3.3.2 Effect of coal particle size

The effect of the coal particle size on the process performance was investigated because it is
a key parameter in the operation of fluidized-bed reactors. Three different coal particle
sizes were assessed: +74-125, +125-200 and +200-300 um. Differences on combustion
efficiency with the smaller particle sizes can be explained because elutriated char particles
could be gasified to some extent in the reactor freeboard. There the gasification products
did not get in contact with the oxygen-carrier and could not be therefore oxidized.
However, the char from the smaller size could still get gasified in the freeboard. The
resulting char conversions and carbon captures are similar at different particle sizes. The
slight differences can be explained because smaller particles are more easily elutriated than
bigger ones. For particle sizes of +74-125 pum about 35% of the introduced char was
elutriated, whereas lower values than 5% were found in most cases for bigger particles. At
about 900 °C the residence time of char was 9 min for +200-300 um, 8 min for +125-200
um and decreased to 5 min for +74-125 um. Figure 36 shows the calculated char

gasification rates at different temperatures and for the three particle sizes used.
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Figure 36. Calculated gasification rate considering the fuel-reactor as a CSTR for different

fuel-reactor temperatures. Coal particle size:—@—74-125 pm;—&—125-200 pm;—#-200-300 pum.
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It can be observed that the char gasification rate increased with the temperature for every

particle size.

3.3.3 Effect of solids recirculation rate

The effect of the solids circulation rate on the process performance was studied. Solids
circulation flow rates from 1.0 to 11.6 kg/h for three coal particle sizes at an average fuel-
reactor temperature of 890 °C were used. This range corresponded to an ilmenite residence
time range from 4.2 to 48 minutes and the oxygen-carrier to fuel ratio ¢ was varied from
0.5 to 8.4. Thus, there were cases where the solids recirculation rate was lowered so much
that ¢ reached values under the unity, which meant that there was not enough oxygen-

carrier available to fully oxidize the fuel.

Figure 37.a) shows the carbon capture efficiency obtained as a function of the oxygen to
fuel ratio for the different coal particle sizes tested. The carbon capture efficiency decreases
for increasing oxygen-carrier to fuel ratio, that is, when the recirculation rate increases.
This trend is clear for ¢ closer to the unity, and when ¢ has higher values the influence is
smaller. This follows the tendency of the solids residence time, that is, the decrease in ncc
can be explained because coal was less gasified, due to a lower residence time of the solids in

the fuel-reactor.

The combustion efficiencies were less influenced by the solids circulation rate. This
indicates that the process is actually controlled by char gasification, although the amount
or reactivity of the oxygen-carrier has also some influence in the system. Figure 37.b)
shows that the combustion efficiency had some increase when ¢ decreases: from 75% with
d=8 to 86% with ¢p=1.1. With lower ¢ the char conversion increased, and since the
gasification products had almost full conversion, the percentage of unconverted gases -
mainly coming from volatiles- decreased, as the relative importance of the gasification
products in the reacting gases increased. Thus, higher char conversions will lead to

enhanced combustion efficiencies. The lower combustion efficiencies obtained for the +74-
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125 pm particles are due to the higher fraction of char in the freeboard with smaller

particles.
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Figure 37. a) Carbon capture and b) Combustion efficiencies with different oxygen-carrier

to fuel ratios for different coal particle sizes. Trr=890 °C. El Cerrején coal.

When oxygen-carrier to fuel ratios lower than 1 were used, the performance of the system
dropped substantially although the residence time was very high. When ¢ decreased to 0.5
the combustion efficiency decreased because there was not enough oxygen available to
burn the fuel fed and as a consequence the char conversion also dropped because the
reactor got enriched in the generated H> and CO, which are inhibitors for the char

gasification rate.

3.3.4 Effect of coal feeding flow

The effect of the coal feeding rate on the process performance was also studied. Coal
feeding flow rate was changed from 33 to 83 g/h, corresponding to a thermal power of 200
Wi to 505 Wi, In these experiments the fuel-reactor temperature was maintained constant
at about 890 °C and the solids circulation rate at 8.4 kg/h. This study was carried out using

coal with particle size +74-125 pm.

When higher coal feeding flow was introduced, the corresponding flows from all products

increased because there was more fuel to devolatilize, gasify and burn. However, the char
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conversion was not really influenced by an increase in the coal feed because there was no

major increase in the residence time, as can be seen in Fig. 4 from Paper VI.

The resulting combustion efficiency was not influenced by the coal feeding rate, as the
oxygen-carrier to fuel ratio was above one. When more coal was introduced in the system,
the variation of ilmenite conversion and therefore the oxygen transferred increased
proportionally to the coal feeding rate increase (see Fig. 6 from Paper VI). This confirms
the statement made that in this system the combustion efficiency is not limited by the

reaction rate of ilmenite, but for the gasification step.

3.3.5 Effect of gasification agent: flow and type

The flow of steam feed was varied from 110 to 190 Ln/h, corresponding to a gas velocity
variation in the fuel-reactor from 0.07 to 0.12 m/s at 900 °C. The steam to fixed carbon
ratio changed from 0.7 to 1.1. When the gasification products are burnt by ilmenite, H.O
and CO: are formed which can further gasify the fuel, so H2O is being regenerated in the
process. The increase in the steam flow fed had some beneficial effect on the char
conversion. For conditions of steam excess, there was no major effect on the char
conversion, so it would not be necessary to have H:O/C over the unity. The change in the

gasification agent flow did not influence the combustion efficiency.

The steam requirements for the gasification would be decreased in some extension, or even
avoided if a pure CO: stream was used as fluidizing gas. The motivation of this is that CO:
can be fed by recirculating a fraction of the product gas stream. The effect of using a gas
mixture of CO2:H:O on the gasification step and the whole performance of the process
was evaluated in a continuous system. The average fuel-reactor temperature was 935 °C.

The total gasification agent flow was 190 Ln/h. The solids circulation rate was 3.3 kg/h.

The results showed that the char conversion increased for higher fraction of steam in the
gasification agent, as it was previously found in batch FB experiments. With this type of
fuel, gasification with steam is faster than with CO.. However, the combustion efficiency

was not really influenced by the gasification agent used. When gasifying with CO:, more
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CO is generated as when gasifying with steam, where H: is also generated. This result is
opposite to that found in batch FB done with bituminous South African coal. This is
because in this plant the combustion efficiency was limited by the combustion of volatiles

which is not influenced by the fluidizing gas.

Limited use of CO: in the fluidizing gas would be desirable to maintain high gasification
rates for this fuel. This was also seen in the previous tests in batch FB with Colombian
South African coal. On the other hand, the implementation of a carbon separation system
that increased the char residence time would offset any possible poorer system

performance caused by the slower gasification rate.

3.3.6 Effect of limestone addition

The influence of limestone addition to ilmenite as oxygen-carrier was tested in a
continuous 10 kW CLC pilot for solid fuels. The results of it comprise Paper VII. This
study was motivated by previous tests where calcined limestone addition in a batch
fluidized bed had some beneficial effect on the char conversion rate and led to an
enhancement on the gas conversion (Teyssié et al., 2011). Tests with an ilmenite-limestone
mixture as bed material were performed, and also tests using only ilmenite as bed material
were carried out in that unit for comparison. Global solids circulation was varied as it is an
important operational parameter, which determines the solid fuel residence time. The tests
were performed at two temperatures of the fuel-reactor: 950 °C and 1000 °C. The fuel flow
was 479 g/h, which is a fuel power of 4.2 kWuw. The particle recirculation between reactors
was controlled by the air flow to the air-reactor: it was varied from 155 to 190 Lx/min.
The fuel was petcoke, which has relative low fraction of volatile matter, 9.9%. Thus, only
the gasification process and oxidation of gasification products are really the scope of

evaluation in this study.
As an example of the most important results, Figure 38 shows the comparison between the

obtained oxygen demand, Qob, and carbon capture ncc from the experimental conditions

used, for experiments done at 950 and 1000 °C; and using only ilmenite as bed material and
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after limestone addition. The limestone fraction in the fuel-reactor bed at the end of the

experiments was weighed to be about 12 %wrt.
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Figure 38. Comparison between Qop and mcc for tests at Trr=1) 950 °C and 2) 1000 °C

using a) mixture ilmenite-limestone and b) ilmenite as bed material. Fuel flow=479 g/h.

Table 8 shows a summary of the average values for the main experiments performed: the
carbon capture efficiency, ncc, the oxygen demand, Qob, the oxygen-carrier to fuel ratio, ¢,

and the oxygen-carrier average residence time in the fuel-reactor, trim.

The conversion of gasification products after limestone addition was higher at 950 °C, as
Qop decreased from 0.33 to 0.24. For a mean residence time of 10.7 minutes, ncc was 0.79.
In order to compare tests with the same residence time, an interpolated value of necc of 0.76
was obtained for ilmenite only, for a mean value of t, jim of 10.7 minutes. Thus, ncc was
somewhat lower for ilmenite only, as compared to ilmenite + limestone. At 1000 °C there
was no significant difference in the gas conversion, as Qop was quite similar after limestone
addition. However, the efficiencies related to char conversion improved by the presence of
limestone: ncc increased from 0.77 to 0.86, as can be seen in

Table 8. As for the influence of adding limestone to the CLC process with ilmenite, at
950°C, there is a reduction in the oxygen demand, whereas no clear difference is seen at

1000°C. In all the cases char was faster converted in presence of limestone.

Table 8. Summary of the mean values obtained in the continuous experiments with

petcoke as fuel and with ilmenite or a limestone-ilmenite mixture as bed material.
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Trr=950 °C

Bed material Nce  Qop  tyim(min)
Ilmenite + Lime 079 024 10.7
Ilmenite 0.7 0.33 8.1
Ilmenite 0.83 0.33 13.5
Trr=1000 °C

Bed material Nce Qop  trim(min)
Ilmenite+ Lime 0.86  0.28 10.8
Ilmenite 0.58 0.28 4.9
Ilmenite 0.77  0.29 9.2

The addition of some limestone was somewhat advantageous for the efficiency

improvement, for gasification as well as for gas conversion due to its effect in the water-gas

shift equilibrium. Figure 39 shows the fraction (Frzrr-Fcozrr)/ (Frz0R ouFcopr) obtained

for experiments with ilmenite-limestone and for tests done with ilmenite only at 950 °C

and 1000 °C. The equilibrium constant kwcs at the temperature considered is also

represented. At both temperatures the exiting gaseous flows with limestone addition were

closer to the WGS equilibrium, i.e. to higher H2+CO: formation, although the difference

was much more pronounced at 950 °C.

07 —T———————(———(—————
06 keq WGS(9500C) ________________
5 keq was(1000°C)
I_N 0.5 IIm+Limestone
8 0.4 IIm+Limestone
E“O.3’ N ~ _ /\/W/ e\
8N 0.2 -7 lImenite - ~/ limenite 7
0.1
950°C 1000°C
0.0 ‘ ‘ ‘ ‘
0 10 20 0 10 20 30
time (min) time (min)

Figure 39. Fraction (Frzrr-Fcozrr)/(Fr2orr ouwFcorr) for experiments with ilmenite-

limestone mixture and with ilmenite as bed material at 950 °C and 1000 °C.
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Thus, limestone addition causes CO and H:O to react to give CO:2 and Ha, i.e. Ca-based
compounds could act as a catalyst for the WGS reaction (Teyssié et al., 2011). This happens
in the presence of an oxygen-carrier, ilmenite, which reacts faster with H than with CO.
Consequently, the oxidation of the gas should proceed faster, giving higher gas conversion
and lower oxygen demand. This effect is clearly seen at 950 °C (see Figure 38.a)), although
at a temperature of 1000 °C the improvement regarding the gas conversion was residual
when CaO was present in the solids mixture (see Figure 38.b)). From results showed in
Figure 39 it seems that the WGS reaction itself is fast enough at 1000 °C to happen at

similar extension with and without limestone addition.

3.3.7 Effect of the coal rank

The carbon capture and combustion efficiencies as representative of the process
performance were studied in continuous testing with different coals from lignite to
anthracite, in order to prove the feasibility of the technology with coals of different ranks
and to assess the performance of the process as a function of the solid fuel properties.
Previous research studies in batch FB concluded that the char conversion is related to the
reactivity of solid fuel particles (Linderholm et al. 2011), being the nature of the oxygen-

carrier of lower relevance (Leion et al., 2008a; 2009d). This study is gathered in Paper IX.

Table 9 shows the conditions for the series of experiments carried out, where the fuel-
reactor temperature and of the gasification agent type (H20:CO: mixtures) were varied.
The average solids circulation flow rate was 3.0 kg/h and the resulting oxygen-carrier to
fuel ratio for all fuels tested was about 1.0-1.1. The gasification agent flow was 190 Ln/h,
corresponding to a gas velocity of 0.12 m/s at 900°C. The flows introduced are the same as
in the tests done with the HV bituminous Colombian coal. An experiment previously
performed with this coal, which had similar solids residence time and solids inventory, is

included in the discussion of results.
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Table 9. Conditions for the series of experiments with the different types of coals tested,

i.e, lignite, Colombian and South African bituminous coals and anthracite.

Effect of the temperature

Coal feed, ' Gasification Thermal
Coal type  Tex,°C Gasif.agent

g/h Fixed C mixture,%H>O output, Wi
Lignite 870-920 100 3.0 100 450
MV Bit.
) 850-915 79 2.3 100 580
S.African
Anthracite 870-930 94 1.8 100 570

Effect of the gasification mixture H:O:CO2

Coal feed, ' Gasification ~ Thermal
Coal type  Trx,°C Gasif.agent

g/h Fixed C  mixture,%H.O output, Wi
Lignite 920 100 3.0 100;60;0 450
MV Bit.
_ 910 79 2.3 100;58;0 580
S.African
Anthracite 925 94 1.8 100;48;0 570

Continuous tests were done at different temperatures. Figure 40.a) shows the carbon
capture obtained for different temperatures for the coals tested, as well as the values that
were obtained for HV bituminous Colombian coal in the previous study. ncc was highly
dependent on coal rank because of the gasification reactivity of the coal chars. Lignite
reached the highest values of mcc, followed by HV bituminous Colombian, MV
bituminous South African coal and it was lower for anthracite. As an example, at 900°C
nce was 0.90 for lignite, 0.55 for Colombian coal (at 890°C), 0.54 for South African coal
and 0.29 for anthracite. The carbon capture depended on the char conversion and on the

ratio Fcvol/ Fochar eff of the coal considered.

Figure 40.b) shows the char conversions reached at different temperatures for the coals
studied. Lignite had much higher char conversion than the other coals. The char
conversion obtained for the other coals are closer, indicating that they have more similar

gasification rates, but lower that the gasification rate of lignite.
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Figure 40. a) Carbon Capture and b) char conversion variation with the fuel-reactor
temperature for —@— lignite, - HV bituminous Colombian coal, - MV bituminous

South African coal, -O— anthracite. Coal particle size: +200-300 um.

The residence time of solids was similar for all fuels tested, that is, the char from all fuels
had similar time to gasifiy. It was around 14 minutes. From these results, it can be
concluded that the gasification rates follow the order expected from the rank of the
different coals: it is much faster for lignite, then HV bituminous coal, MV bituminous coal
and it is slower for anthracite. The gasification rates in all experiments were also calculated
and confirmed this statement at all temperatures tested. This was also in line with the trend

of the char gasification rates expected from the rank of the coals used (Johnson, 1981).

Both char conversion and carbon capture for anthracite were similar because the volatile
matter fraction is low, whereas for the other coals the values of carbon capture were
higher. For lignite the differences between Xchar and ncc are not big either because Xchar is
already quite high. HV bituminous Colombian and MV bituminous South African coal
have similar fractions of volatiles and fixed carbon and char conversions reached, so their

increase in Mcc compared to Xehar 1s similar.

Figure 41.a) shows that for the fuels tested in this work, the fuel-reactor combustion
efficiencies obtained have a slow growth with the temperature because of the increase in

the reaction rate of ilmenite. Besides, for all the temperatures tested, Neomb rr was higher for
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anthracite, followed by lignite and MV bituminous South African coal, which was similar
to HV bituminous Colombian coal. As it was concluded from the experiments with the
bituminous Colombian coal, the released volatiles have worse contact with the oxygen-
carrier particles and are therefore less converted. On the contrary, gasification products are
highly oxidized. This explains the higher ncomb rr for anthracite, since the volatile fraction is
lower. Although lignite has a higher fraction of volatile matter compared to South African
coal, the resulting neomb rr for lignite was slightly higher because the relative fraction of
gasification products compared to volatiles was higher due to the fast char gasification rate
of lignite. As an example, at 900°C mcomb Fr Was 0.73 for Colombian coal (at 890°C), 0.84
for anthracite 0.75 for lignite and 0.73 for South African coal. Solid residence times are

similar for all coals used, around 14 minutes, although the solids inventories have some
differences that also affect the results: it was 1770 kg/MWu for lignite, 1580 kg/MW: for
Colombian coal, 1380 kg/MWw for South African coal and 1400 kg/M W for anthracite.

If complete combustion of the gasification products is assumed, a combustion efficiency of
the volatile matter, 1comb vol, can be defined, as for Eq. (41). This parameter can give an idea

of how much the volatiles of each type of fuel are oxidized.

OZ demand gases FR _ 2 ' FCH4,FR + 05 ’ FHZ,FR + 0'5 ’ FCO,FR

n comb vol — O O O

(41)

2 demand volatiles 2 demand coal ~ 2 demand char

As it can be seen in Figure 41.b), the volatile combustion efficiency was lower for
anthracite and higher for lignite and very similar for both bituminous coals. This could be
explained by means of the composition of volatiles of each type of fuel: the oxygen
demanded by the volatiles of anthracite is higher than for lignite, then for South African
and bituminous Colombian coal. The average combustion efficiency of volatiles was
around 52% for lignite, 61% for HV bituminous Colombian coal, 58% for MV bituminous

South African coal, 42% for anthracite.
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Figure 41. a) Fuel-reactor combustion efficiency and b) volatile combustion efficiency
variation with the fuel-reactor temperature for —@-lignite, -+-HYV bituminous Colombian

coal, @MYV bituminous South African coal, -O—anthracite.

Since the rate of gasification of the fuel in this process is a determining factor, the effect of
using a gas mixture of CO:2 and H2O on the gasification step and the whole performance of
the process with the fuels used in this work was evaluated. In case of lignite there is no

change in the process performance when gasifying with CO, as it can be seen in Figure 42.
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Figure 42. a) Carbon capture efficiency and b) Char conversion variation for different
H>O:CO: mixtures as gasification agent for —@— lignite, —# bituminous South African

coal, -O— anthracite.
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On the other hand, for anthracite the lower gasification rate of char with CO: leads to a
substantial drop in the performance. The combustion efficiency is not affected by the
gasification agent used. Thus, depending on the type of fuel, CO: recirculated from the
outlet fuel-reactor flow can replaced some of the steam as gasification agent, getting similar

system performance and thereby saving energy derived from steam generation.

In this study it has been concluded that the outgoing unburnt gases in the fuel-reactor seem
to come from volatile matter that had not been fully oxidized. At higher fuel-reactor
temperatures, gasification and combustion reactions are faster and promoted for all types of
solid fuels. The carbon capture is higher for the solid fuels with faster char gasification rates
and also when the volatile content in the fuel is higher. High values of carbon capture can
be obtained, but it is essential to have a highly efficient carbon separation system that
reintroduced unconverted char particles back to the fuel-reactor, especially for solid fuels
with slow gasification rates such as anthracites. The combustion efficiency in the fuel-
reactor is higher for higher temperature, higher solids inventory and for solid fuels with
lower volatile content and with faster gasification rate. Furthermore, depending on the

type of fuel, some of the steam as gasification agent can be replaced by CO..
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4  Simplified model of a CLC system with solid

fuels and optimization






A theoretical model is a useful tool to understand the operation of the system in a general
way, as well as to predict the influence of the different variables and optimize their values.
A validated model can be also used for the design of an industrial unit. In this section a
theoretical simplified model for the fuel-reactor of an iG-CLC process using ilmenite as
oxygen-carrier has been developed based on a simple reacting scheme. The model
calculations were made considering the HV bituminous Colombian coal “El Cerrejon” as
solid fuel. For the development of the simplified model of iG-CLC, it was necessary to
know: (1) the reaction scheme to be considered in the mass balance; (2) the content and
composition of the volatile matter in coal; (3) kinetics of char gasification with the
gasification agents used; and (4) kinetics of the subsequent reaction of the gaseous

compounds (CO, Hz, CH4) with the oxygen-carrier are also required.

4.1 Gasification kinetics

For char gasification the most common gasification agents are steam and COz, through

which Hz and CO are generated as for the following reactions:

C + H:O - CO + H: (42)
C+ CO:—-2CO (43)

Kinetics of the gasification reactions for the bituminous Colombian coal were obtained by
TGA analysis, in order to implement the kinetics in the model of the iG-CLC system.
Conversion vs. time curves at different temperatures (900-1050°C), gasification agent
concentrations (i.e. 20-80 vol.% H:O or CO:) and gas product concentrations (i.e. 0-40
vol.% H: or CO) were obtained. A similar procedure was used to those found in (Adanez
et al., 1985). Char was assumed to gasify according to the homogeneous reaction model
with control by chemical reaction. The surface reaction follows a Langmuir-Hinshelwood
reaction model and the reaction rate is constant with the char conversion. The gasification

rate (—r.) is defined by Eq. (44).
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1 dX
(1- X

char __ kl preact (44)

—r.) = —
( C) ) dt 1+ k2 preact + k3 pprod

char

where Xchar 1s the char conversion, preac is the partial pressure of the gaseous reactants, i.e.
H:O or COz, pprd is the partial pressure of the gasification products, i.e. H2 or CO, and ki,
k> and ks are the kinetic constants. Thereby, the gasification kinetic parameters were
obtained when using H:O and CO: as gasification agents and taking into account the

inhibitory effect of Hz and CO.

As an example, Figure 43 shows the char conversion versus time curves for the gasification
reactions with H2O of El Cerrejon coal at different temperatures and different Ho fractions
as inhibitory agent obtained by TGA. In the TGA tests, the coal sample is heated up
immediately in N2 and pyrolysis takes place until constant weight is reached at the

temperature of reaction. Later, the gas mixture for char gasification is introduced.
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Figure 43. Char conversion versus time curves for the gasification reactions with H>O of El
Cerrejon coal obtained by TGA a) at different temperatures, using 20% H2O + 0% Hz; and
b) with 40% H:O and different Ho fractions at 1000°C.

The gasification kinetic parameters were obtained when using H>O and CO: as gasification
agents and taking into account the inhibitory effect of H> and CO. The gasification kinetic

constants obtained are gathered in Table 10.
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Table 10. Gasification kinetic constants for char from pre-treated El Cerrején coal.

Gasification agents: H.O/H: and CO./CO.

H.O CO:
kl,HZO kZ,HZO k3,HZO kl,Coz kZ,COZ k},COZ
(s'bar™) (s'bar’) (s) (s'bar") (s'bar’) (s
ko 52.6 2.81-10° 8.1-10”° | 4.53-10° 3.28-107 1.84-10°
E.(kJ/mol) 951  -1351  -2185 |160.1  -1585  -157.6

4.2 Reaction kinetics of ilmenite

To design a CLC system it is necessary to determine the reactivity under different
operating conditions of temperature and gas concentration. Thus, the objective of this
section, a study published in Paper II, was to establish the kinetic of both reduction and
oxidation reactions taking place in the CLC process using ilmenite as oxygen-carrier.
Because of the beneficial of the use of calcined ilmenite against fresh ilmenite and the
activation of the ilmenite during the redox cycles, both the reactivity of calcined and
activated ilmenite was analyzed. The reaction studied was the reduction of the components
in oxidized ilmenite, Fe:T1Os and Fe:Os to FeTiOs and FesOs, and vice versa for the
oxidation. The experimental tests were carried out in a thermogravimetric analyzer (TGA),
using Hz, CO and CHy+ as reducing gases at different temperatures (800, 850, 900 and 950
°C) and gas concentrations (5%, 15%, 30%, 50%) to analyze the reactivity of the reduction
reaction. Preliminary results showed that the reaction products, i.e, H2O or COz, had no
effect on the reaction rate. To analyze the reactivity of the oxidation reaction, O2 was used
as reacting gas at different temperatures (800, 850, 900 and 950 °C) and gas concentrations
from 5 to 21 vol.%. For the study of the oxidation, the sample was first reduced at a
reference temperature of 900 °C in an atmosphere composed of 5 vol.% H: and 40 vol.%
H:O. The starting particles ready for oxidation were composed of FesOs and FeTiOs, so

simulating the behavior expected in a CLC system.

The oxygen transport capacity Ro,im of calcined ilmenite was 4% and Ro,im was 3.3% for

the activated ilmenite analyzed. However, although activated particles had other Rojim
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values, it was found that the oxygen transference rate R, -(dX,/dt) is constant. A

discussion about the use of kinetics when Ro,im changes during the activation process can
be found in Paper II. For the kinetic determination, the data used corresponded to the first
reduction or oxidation period, because the reactivity of ilmenite varies during the first

cycles using calcined ilmenite. Fully activated samples had no change in the reaction rates.
Kinetics determination

By using a particle reaction model, the kinetic parameters of the different reactions can be
determined for the oxygen-carrier. The model used to determine the kinetic parameters is
the grain model with uniform reaction in the particle with changing grain size model
(CGSM) and with control of chemical reaction in the grain. The model assumes that the
particle consists of a number of nonporous spherical grains of uniform initial radius, re.
Considering that the reaction is controlled by the chemical reaction in the grain and

considering spherical grains, the equations that describe this model are:

t p.I
—=1(1-X. )" T, =—=19 45
fchr ( z) chr bkng ( )

This model describes the reduction kinetics of calcined and activated ilmenite, as well as the
oxidation reaction for activated ilmenite. Nevertheless, the oxidation mechanism of
calcined ilmenite was slightly different: it was a two-step mechanism that changed from a
chemical reaction control to a diffusional control in the particle due to the loss of porosity
inside the particle as oxidation proceeds. Thus, a mixed resistance between chemical
reaction and diffusion in the solid product was needed. In this case, it was assumed that the
reaction rate was controlled by chemical reaction in the grain, whereas the porosity of
particles decreases because the volume of the solid products (Fe2TiOs+ TiO:z and Fe:05) is
higher than those for the solid reactants (FeTiOs and FesOs). This chemically controlled
step proceeds until the porosity collapses at a determined conversion value, Xchr, which will
be determined from the conversion-time curves. From this point, it was assumed that the

oxidation proceeds following a shrinking core model in the particle, and it is controlled by
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the diffusion in the solid product layer. Furthermore, it was found that the oxygen

concentration do not affect the oxidation rate when the reaction is controlled by diffusion

through the product layer. The equations that describe this oxidation step are:

_3li—a-x

Tif

D)

1-Z+(1-Z)(1-X,

'

)A

Z-1

(46)

The reaction order, 7, with respect to each reacting gas was obtained from the calculus of

X by fitting the experimental curves conversion-time to the model equations for different

gas concentrations.

From experiments done at different temperatures, values for the chemical reaction kinetic

constant, ks, as a function of the temperature were obtained. The dependence on the

temperature of the kinetic constant was assumed to be Arrhenius type. More details about

the parameter calculations and kinetic model can be found in Paper IL

As example, Figure 44 shows plots of the effect of H> concentration on the conversion-time

curves, and Figure 45 represents plots of the effect of O, together with the corresponding

model predictions of conversion-time for calcined and activated ilmenite.
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Figure 44. Effect of H> concentration on the reduction reaction for (a) calcined and (b)

activated ilmenite. T=900 °C. H: concentration: ° 5 vol.%; * 15 vol.%; © 30 vol.%; % 50

vol.%. 20 vol.% H:0; N: to balance. Continuous line: model predictions.
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Figure 45. Effect of O: concentration on the oxidation reaction for (a) calcined and (b)
activated ilmenite. T=900 °C. O: concentration: ° 5 vol.%; 2 10 vol.%; © 15 vol.%; " 21

vol.%. N2 to balance. Continuous line: model predictions.

It can be seen that the reaction models proposed predicted adequately the experimental
results in all range of operating conditions studied for both calcined and activated ilmenite.
Table 11 gathers the obtained kinetic parameters for ilmenite reduction with H2, CO and

CHy4, and oxidation with Oz for both calcined and activated ilmenite.

Table 11. Kinetic parameters for ilmenite reduction with H2, CO and CHj4, and oxidation

with air.

Calcined Activated

Ho» CcO CH-« O: Ho» CcO CHa+ O

p, (mol/m’) | 13590 13590 13590 31100 | 13590 13590 13590 31100
7e (m) 0.510° 0.510° 0.510° 0.4810°| 1.2510° 1.2510° 1.2510° 1.20 10°

b 1.19 1.19 4.74 4 1.45 1.45 5.78 4

ko(mol™ m™s")| 5.1107 2.110" 88  8.010° | 6.2:107 1.0-10' 105  1.9-10°

Eer (k]/mol) 109 113 165 12 65 81 136 25
n 1 1 1 1 1 0.8 1 1
Deo (mol m™s™) 1.37-10°
Ear (k]/mol) 77
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Analysis of the reactivity from the kinetic data

To analyze the reactivity of ilmenite and to compare it with other oxygen-carriers, a
preliminary estimation of the solids inventory needed for the gaseous fuels Hz, CO and
CHzs is calculated. To do that, the reaction kinetics of ilmenite were introduced in the
model proposed by Abad et al. (2007a). The simplified model considers perfect mixing of
solids, no restriction for the gas-solid contact and the solid reaction following the shrinking
core model. This model considers the effect of residence time distribution of ilmenite on its
reactivity. The kinetic parameters can be introduced in this model describing the reactors

of a CLC system with gaseous fuels.

Minimum solid inventories showed in

Table 12 can be compared to the solids inventory calculated for several synthetic oxygen-
carriers (Abad et al.,2007a; Zafar et al.,2007a,b). For comparison purposes with other
oxygen-carriers, only the minimum solids inventory for activated particles is considered, as
activation is expected to occur quickly in the CLC system. The solids inventories
calculated for the air-reactor (30-47 kg/MWw) are in the range of those calculated for other
Ni-, Cu-, Mn- and Fe-based oxygen-carriers, which were in the range 10-60 kg/MWw. On
the contrary, the calculated solids inventories in the fuel-reactor for ilmenite were usually
higher than those obtained for other oxygen-carriers. For ilmenite the solids inventories
were in the range 42-66 kg/MWu for Hz, 105-189 kg/MWu for CO and 167-461 kg/MWw
for CH4. For a highly reactive synthetic Fe-based oxygen-carrier the solids inventory
obtained for H2 and CO were 12 kg/MWuw and 29 kg/MWu, respectively; whereas the
solids inventory for CHs was 950 kg/MW:wm. Nevertheless, lower solids inventories were
calculated for methane using other oxygen-carriers, e.g. in the range 10-20 kg/M W for Ni-
based oxygen-carriers, 52 kg/MW:n for a Cu-based oxygen-carrier or 85 kg/MW: for a Mn-
based oxygen-carrier (Abad et al., 2007a; Zafar et al., 2007a,b). Note that these values were
obtained without considering bubble-emulsion resistance, but are useful for comparison

purposes.
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Table 12. Minimum solid inventory data for calcined and activated ilmenite (kg of solids

per MW of fuel), calculated for AX = 0.5.

Calcined Activated
Fuel-Reactor Ho CO CHs Ho: CO CH:
Cy(% of fuel) 145 145 5.3 145 192 53
T
900°C 299 955 4481 66 189 461
950°C 197 619 2337 52 139 272
1000°C 135 416 1285 42 105 167
Air-Reactor Ho CO CHas Ho CO CHa4
900°C 75 64 90 39 33 47
950°C 74 63 89 37 31 44
1000°C 74 63 89 35 30 42

The use of ilmenite for the combustion of methane is not adequate, but the use of ilmenite
for syngas combustion could be interesting. Thus, the first approach for solid inventories
needed for ilmenite take acceptable values for the main products of coal devolatilization
and gasification, in the same range as the values observed for synthetic oxygen-carriers with
proven suitability for CLC (Zafar et al., 2007a). Thus, the use of ilmenite for coal it is
highly recommended because ilmenite is harmless for the environment and a considerably

cheaper material than a synthetic material.

4.3 Theoretical approach on the CLC performance with solid fuels

The objective of this section, which constitutes Paper VIII, was to optimize the operating
conditions for direct CLC with solid fuels using ilmenite as oxygen-carrier. Two of the key
parameters in the design of a CLC system are the solids circulation rate and the solids
inventory. This section approaches the design of an iG-CLC system using HV bituminous

Colombian coal El Cerrejon as fuel.
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4.3.1 Calculation of the solids circulation rate

Figure 46 shows the solids circulation rate calculated as a function of the solid conversion
variation between air- and fuel-reactors, AX, considering “El Cerrejéon” coal as fuel. A
solids circulation rate value of my. =16 kg/s per MW is considered to be the maximum
circulation rate feasible in a CLC unit without increased costs according to commercial
experience on CFB systems (Abad et al., 2007¢). That is, the solids circulation rate that can

be used with el Cerrején coal is between 2.04 and 16 kg/s per MW The result is that AX

can be within the range 0.13-1.

16 kg/s per MWy,

Film (kg/s per MWyp)
H
o

0 : : : :
00 02 04 06 08 10
AX

Figure 46. Solids circulation rate as a function of the solid conversion variation between

air- and fuel-reactors, AX. Fuel: “El Cerrején” coal.
4.3.2 Calculation of the solids inventory in the fuel-reactor

In this section a theoretical model for the fuel-reactor has been developed based on a simple
reacting scheme for the flow patterns of gas and solids, but describing the complex
chemical processes happening in the fuel-reactor. The gasification kinetics of El Cerrejon
coal for both H20 and CO: as gasification agents and the kinetics of the reduction reaction
of ilmenite with Hz, CO and CHs are incorporated to the model. The model also includes
the possibility of using a carbon separation system to recirculate unreacted char particles
that exit from the fuel-reactor. The simulated results have been first compared to

experimental results from tests performed in the ICB-CSIC-s1 unit. Simulations were done
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afterwards to study the effect of the main operating variables of the fuel-reactor (e.g.
temperature, solids inventory, efficiency of the carbon separation system, oxygen-carrier to
fuel ratio, or flow and type of gasification agent) on the combustion and carbon capture
efficiencies. The effect of the main operating variables in the iG-CLC process can be

analyzed in a simpler way than using a detailed model.

Differential mass balances in the fuel-reactor

The differential mass balances are defined according to Eqgs. (47)-(49), which are the scheme

of ilmenite reduction reactions happening simultaneously in the fuel-reactor:

MexOy + CHs — MexOy-l + CO + 2 H: (47)
MCXOy + Ho — MCXOy-l + H-O (48)
MexOy + CO > MexOy-l + CO: (49)

The pattern of gas and solids here assumed were based on the previous results obtained in
the ICB-CSIC-s1 unit fuelled with the bituminous Colombian coal “El Cerrején”. In these
experiments, it was found that unconverted CHs, CO and H: from the fuel-reactor were
mainly coming from unconverted volatile matter. However, neither tars nor other
hydrocarbons than CHs were found. Also, gasification products were highly converted to
CO: and H:0. A bad contact between volatile matter and oxygen-carrier particles was
proposed as the main reason for incomplete combustion.

Based on these results, a model of the system was developed to predict and optimize the
combustion and carbon capture efficiencies of the CLC process as a function of various
operational parameters. The oxygen-carrier bed in the fuel-reactor was considered to be
divided into two separated zones: one zone is in contact with the volatiles, with reducing
species CO, H> and CHs and the other zone reacts with the generated gasification
products, CO and Ha. Both gaseous flows are assumed to be independent and in plug flow.
The gas flow inside the reactor is simplified and the bubble-emulsion two-phase theory is
not considered. In order to solve the whole system, the reactor was considered to be
divided into compartments with differential bed mass. Figure 47 shows a scheme of this

assumed flow pattern. The gasification products generated in the dense bed have good
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contact with the oxygen-carrier particles. The volatiles are released in a plume and they
have poorer contact with the oxygen-carrier. To take this into account, the parameter yocy
is introduced as the fraction of the oxygen-carrier bed that is in contact with the volatiles.
It is considered that there is perfect mixing of the solids and no constrictions for the gas-
solid reactions. This model assumes that there is no gas exchange between the flow of
gasification products in the dense bed and volatile plume. Also, the model assumes that the
only reducing species in the dense bed are H> and CO, whereas CHs also appears in the

flow coming from the volatile plume.

Dense phase Volatile plume

Moctdmec tFi,e,z tFi,v,z

[CreCrum] /A tim) goc %
dmoc | Al
Moc 'Fi,e,l tFi,v,l

Figure 47. Mass flows changes of the gases involved in the process —-products of gasification

and devolatilization- for a fuel-reactor element of differential mass, dmoc.

The changes of the mass flow in a differential mass of the reactor have been considered in
the model. The reaction of the oxygen-carrier with the volatile matter species and char
gasification products is considered separately, to take into account that they are generated
in a different location and have different contact with the oxygen-carrier. Therefore, the
mass balances for the H2 and CO generated from char gasification are expressed by Eq. (50)
and (51), respectively. For the volatile matter released reducing species, i.e., CHs, H> and
CO, the mass balances are Eqgs. (52-54). These equations show the variation of the molar

flows of Hz, CO and CH« -F, , F,, and F, , respectively-, for the gasification and

devolatilization products in a differential bed with mass inventory dmoc. Neither sulfur

nor nitrogen present in the fuel were considered in this simple model.

Mass balances in dense bed:

oF, 1 fe 1
amoc 2d'|\/|o ( |Im,H2) - fc ( C)HZO M, ( )
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OFco 1 fe 1 fe 1
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oMo Zd'l\/lo( iim.co) 1— fc( C)Hzo M, -1 ( c)co2 M. (51)
Mass balances in volatile plume:
OFey 1
4 _r . — 0 52
omo. | 2d-M, (=fim.ch, ) Yoc.u (52)
oF oF
d 1 (=Nimn, ) Xocy T2 =0 (53)
om,.  2d-M, s ’ OMg
oF., 1 oFcy,
+ - : + ~=0 54
om.. | 2d'M, (=Fim.co) Xocy oM. ( )

(=T Do and (=)o, are the char gasification rates with H2O and COs, respectively. fc is

the carbon fraction in the fuel-reactor bed. Char is supposed to have constant
concentration throughout the reactor and it is uniformly distributed in the bed in perfect
mixing. The gasification takes place simultaneously with the reaction of the released

volatile matter and gasification products with ilmenite. (=Fy, . )5 (—finco) and (=Fic.)

are the reaction rates of ilmenite with H, CO and CHy, respectively.

To solve the mathematical model it was assumed that the coal devolatilization takes place
instantaneously at the coal feeding level. The composition of the released volatiles from El
Cerrejon coal was obtained experimentally by devolatilization in a fluidized bed using

silica sand as bed material and H2O or CO: as fluidizing gas, see Table 13.

Table 13. Mass (g) of the different gaseous species generated from the release of the volatile
matter of 100 g of El Cerrejon coal after CH+ reforming, for different H:O-CO: mixtures

as gasification agent.

Gasification agent CcO CO: CHs H0 H>
100% H-O 5.7 42.8 7.1 -27.8 5.5
50% H-O + 50% CO:  23.1 12.7 8.8 -14.7 3.4
100% CO»2 46.5 -29.1 9.9 4.8 1.2
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The difference between the released devolatilized species for different H.0:CO:
composition is because there is some CHs reforming taking place with. In some cases of the
compositions given the values of H2O or CO: have negative values, because some H>O and

CO: was taken from the gasification agent flow for the partial CHs4 reforming.

The implementation of a carbon separation system to obtain high carbon capture was also
assessed. The use of a highly efficient carbon separation system with high efficiency, ncs,
ensures high extent of gasification, and thereby high carbon capture, by increasing char
residence time in the fuel-reactor. ncs is defined as the fraction of carbon in char that is
separated and recirculated back to the fuel-reactor with respect to the carbon in the char
that exits the fuel-reactor together the flow of oxygen-carrier particles. Figure 48 represents

a scheme of the carbon flows involved in the fuel-reactor and carbon separation system.

—> (Fc)gp+( I:C)vol

(FC,char)out'FCOZ,AR ~ FR

€ (FC,char)in+( I:C)vol

CS

Ncs (FC,char)out T
/ (FCOZ)in

FCOZ.AR

Figure 48. Scheme of carbon flows in the fuel-reactor and carbon separation system.

(Fowa ), 15 the carbon flow of char in the coal feed; (F,, ) 1is the carbon flow of

out

ungasified char that exits the fuel-reactor; (F.)  is the flow of carbon contained in the

products of char gasification; and (F.),, is the flow of carbon in volatiles. (F., ),  depends

vol
on the solids recirculation rate, My, which is the oxygen-carrier circulation rate. Thus, the

carbon capture depends on the solids circulation rate.

The global balance to the whole reactor is done by integrating the differential equations
over the total bed mass inventory. To solve the system of simultaneous differential
equations, the Runge-Kutta-Merson method was used. To find the solution of the system,

a value of ilmenite conversion variation AX and of carbon fraction in the bed fc are
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initially assumed and the system is solved in two interconnected loops. In the internal loop,
with the assumed value of fc the system of differential equations is integrated and with
these data the outlet gaseous flows are obtained, as well as the carbon flow that returns
from the carbon separation system and that leaves the fuel-reactor. With the last carbon
flow fc is recalculated, until the convergence is reached after successive approaches. Once
the carbon balance has converged, the oxygen balance that would give the value of AX for
the fixed ilmenite circulation rate must be accomplished. With this new value the

calculations are repeated until the simultaneous convergence for both fc and AX is reached.

Initially, a value of the oxygen-carrier conversion variation AX is assumed. Thus,
considering an initial value of carbon fraction in the fuel-reactor bed fc, the values of the
flows of Hz, CO, CHs4, CO:2 and H20O outgoing the reactor are obtained. To solve the
whole equation system, the flow of carbon that exits the fuel-reactor must fulfill the carbon
mass balance in the system, as shown in Figure 48. This carbon flow depends on fc and the
total outlet flow of the fuel-reactor is determined by the ilmenite circulation rate. Iterations
on fc must be done until the carbon mass balance is fulfilled. From the final outlet gaseous
flows a new value of AX is obtained. And the iterative method must be used again until

both parameters converged to obtain the solution to the mathematical model.

The model was developed and applied to the natural mineral ilmenite as oxygen-carrier and
El Cerrejon bituminous Colombian coal as fuel. More details about the model are found in
Paper VIIL. Predictions of the coal conversion in the ICB-CSIC-sl unit used in the

experimental work were carried out with the model.

The direct application of the model predicted the experimental values of char conversion
and carbon capture, see Figure 49.a), but it predicted full combustion. The fraction of
oxygen-carrier in contact with the volatile matter yocy that predicts the combustion
efficiencies obtained experimentally at different temperatures is 0.53%, see Figure 49.b).
xocy =0.53% is a rather low value, that is, the volatile matter released in the plume in the

experimental facility had indeed bad contact with the oxygen-carrier.

104



100 100
// < //
< 80 | X
é:/ 80 PY // E 95 .//
/
g 60 ‘9/ x 00 °
QO
8 40 /'/ g .// XOC,V=O'53%
= /- O
w 20 // = 85 /’/
s a)| W s b)
0 ; ; : : 80 ‘ : ‘
0O 20 40 60 80 100 80 85 90 95 100
Eff.CC theo (%) Eff.Comb theo (%)

Figure 49. Experimental values obtained for a) Carbon capture and b) Combustion
efficiency compared to the theoretical with the model simulated values at different

temperatures (Trr: 880-925°C). Inventory: 3100 kg/MW. ncs=0.

As an example of the model predictions, Figure 50 represents the evolution of CHs, Ho,
CO, CO: and H20 molar flows within the fuel-reactor bed, expressed as mass fraction of
the bed, moc/mocier, for a solids inventory of 3100 kg/MWu, as used in the experimental
work. Figure 50Figure 51.a) shows the flows in the dense bed, that is, derived from the
gasification; Figure 50.b) represents the evolution of the volatile matter species released in

the plume; and the total sum of the flows of both phases is shown in Figure 50.c).
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Figure 50. Evolution of the a) in the dense bed b) in the plume and ¢) total CHs, Hz, CO,
CO: and H20O molar flows within the fuel-reactor bed, for a solids inventory of 3100

kg/MWwm. Trr=900 °C. H:O/C=0.7. $=2. ncs=0. Xon=0. yocy =0.53%.

In the dense bed all the gasification products, i.e., H2 and CO, are fully oxidized by the

oxygen-carrier and the dense bed is only composed by increasing CO: from char oxidation
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and the H>O as gasification agent. In the plume both CHs and H: decrease when the
reactor mass increases. CH+ comes only as part of the released volatile matter species and is
gradually consumed by its oxidation with the oxygen-carrier. H> and CO come from
volatile matter release and as intermediates of CH4 oxidation. H: disappears along the bed
mass as it is quickly oxidized by ilmenite, while the CO profile has a smooth maximum
because there is competition between the CO generation in the CH4 conversion and its

slower reaction with ilmenite.

After seeing that there is a good agreement between the values predicted by the model and
the experimental results with a determined yocy, simulation and process optimization can
be performed. The effect of the main variables in CLC with solid fuels was analyzed,

taking the solids inventory as independent variable.

Influence of the fuel-reactor temperature, solids inventory and implementation of a carbon

separation system

The following calculations were made on the basis of 1 MW fuel power (see coal analysis
in Table 2). Simulations showed that ncc, Xcher and neomb Fr increase with increasing solids
inventory in the fuel-reactor for all temperatures simulated. For all the temperatures
simulated and up to a solids inventory of 2000 kg/MWu all efficiencies increased
substantially. For higher inventories the beneficial effect was not so intense. Gasification
and combustion reactions are promoted with the temperature, and thus Xchar, ncc and

Teomb FR, increased at higher temperatures.

If the inventory is doubled from 1000 to 2000 kg/M W, Neomb Fr increases from 73.1% to
89.0%. If the inventory is again doubled to 4000 kg/MWu, the increase is less substantial,
TNeomb FR 1 97.2%, so it is not worth it to increase so much the solids inventory, as well as the
increased pressure drop and operational cost, size and investment of such big facility. At
950°C as reference temperature, and with an inventory of 2000 kg/MWuw, values obtained

for char conversion and carbon capture efficiency were Xchar=0.334 and ncc=0.525.
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The first simulations were done considering that there was no carbon separation system. In
order to get higher extent of gasification, it was proposed to implement one. Figure 51
shows the simulated char conversion, carbon capture and combustion efficiencies with a
wide range of oxygen-carrier inventories for a carbon separation system of efficiency 0%,
80%, 90% and 100%. Higher ncs leads to higher ncc, which is essential in this process. Note
the important increase in ncc and Xcher when using the carbon separation system. This

points out the importance of implementing a carbon separation system in iG-CLC.
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Figure 51. Variation of a) carbon capture, b) char conversion and c) combustion efficiency
with increasing solids inventory for mcs=0, 80%, 90% and 100%. Trr=950°C.
H2O/C=0.7. ¢=2. ncs=0. Xojin= 0. yocy =0.53%.

Considering an iG-CLC system with a carbon separation system of ncs=90%, the effect of
the temperature and inventory is assessed. Figure 52.a) and b) represents the carbon capture
and char conversion in the process, where it can be seen that to get high performance, an
inventory between 1000 and 2000 kg/MWuw seem to be necessary and reasonable. To get
high gasification and oxidation rates, it is necessary to work at high temperatures. As an
example, with an inventory of 2000 kg/MWw and necs=90%, predictions of ncc of 79.3% at
900°C and 90.7% at 1000°C were obtained.

The simulated performance of the process regarding the oxidation of volatiles and
gasification products is shown in Figure 52.c), where it can be seen that the fuel-reactor
combustion efficiency grows with the temperature because of the increase in the oxidation

rat of ilmenite. Above 900°C, the minimum solids inventory needed to obtain meomb Fr
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above 85% is 1000 kg/MW:. As an example, with a solids inventory of 2000 kg/MW., the
simulated resulting mcomb FR Was 86.0% at 900°C and 94.2% at 1000°C. For an optimum
performance of the iG-CLC system, it would be best to have a carbon separation system
with high nes and to operate at temperatures above 950°C. However, simulations showed
that although the temperature of operation was high, with high oxygen-carrier inventory
and high ncs, there would be still some unburnt volatile matter and a subsequent oxygen

polishing step would be necessary to fully oxidize the unburnt gases in the outlet stream

from the fuel-reactor.
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Figure 52. Variation of a) carbon capture and b) char conversion with increasing solids
inventory for several fuel-reactor temperatures. —900°C, ----950°C and ---- 1000°C.

H:O/C=0.7. $=2. ncs=90%. Xo,n=0. yocy =0.53%.
Influence of other operational parameters

Although the main parameters that turned out to determine the efficiency of the iG-CLC
process are the temperature of operation, the solids inventory and the efficiency of the

carbon separation system, other operational parameters also influence on the efficiency of

the process, although to a lower extent.

The system was evaluated for variation the steam to fixed carbon ratio, H:O/C,
considering steam as gasification agent. It turned out that the H>O/C ratio has no influence
on the combustion efficiency and little influence on the gasification step. Although a

H>O/C ratio of 0.4 could be insufficient to ensure high gasification extent, it would be
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reasonable to work with a H2O/C ratio of 0.7-1, since there is no major benefit on

working with higher H:O/C ratios.

The influence of the gasification agent type was simulated with various H2O:CO: mixtures.
The gasification agent type has minor effect on the combustion efficiency. When gasifying
with higher fraction of CO: only CO is produced, whereas when gasifying with H.O, H>
is also generated. But although ilmenite reacts faster with H> than with CO, the reaction
rate of ilmenite is fast if there is enough inventory and neomb rr has no substantial change.
The carbon capture increase when there is higher steam fraction in the gasification agent,
being this less noticeable for higher nes. This is because for this fuel the gasification rate

with steam is faster than with CO..

The carbon capture efficiency decreases for higher oxygen-carrier to fuel ratio. High
oxygen-carrier to fuel ratio means high solids recirculation rate and thereby low residence
time, which entails a decrease in the char conversion in the bed. The lower residence time

leads to lower extent of gasification and thereby lower nec.

The effect of the reactivity of the oxygen-carrier was also evaluated. The simulations
showed that neomb Fr increases with higher oxygen-carrier reaction rate, but the influence in
Xehr and mcc is negligible. Thus, the use of an oxygen-carrier with high reactivity is
important to reach high neomb rr, but is not the key factor in iG-CLC to get high ncc. The
major limitation to reach high neomb rr was the poor contact of the volatiles with the dense

bed, and not the reactivity of the oxygen-carrier.

The fraction of oxygen-carrier in contact with the volatile matter, yocy, resulted to be quite
poor. Some design solutions can be applied in order to increase yocy. Figure 53 shows that
there is a big effect of yocy s on the combustion efficiency and neomb Fr increases from 80.8%
to 99% if yocy increased from 0.53% to 3% with an inventory of 1000 kg/MW:wm. The char

conversion and carbon capture are not affected.
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Figure 53. Combustion efficiency variation with increasing yocy for: — 200 kg/M W, ----

500 kg/MWw and ---- 1000 kg/MWu. Trr=950°C. H:.O/C=0.7. ¢=2. ncs=90%. Xsn= 0.

A second option to fully burn the volatile matter is to implement a second step in the fuel-
reactor (FR2), whose fuel would be the outlet gaseous stream of the solid fuelled fuel-
reactor (FR1). It is also an alternative to the oxygen polishing step. As the fuel is gaseous,
this second reactor would not be limited by the gasification step and the contact efficiency
would be much higher, since the fuel would be introduced at the bottom of the reactor and
not released in a plume. The simulated values obtained for the second step fuel-reactor FR2

are about 44 kg/MW.n to fully oxidize the fuel for FR1 1000-2000 kg/M W, see Figure 54.
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Figure 54. Minimum ilmenite inventory in the second fuel-reactor to completely oxidize
the fuel for different inventories in the first fuel-reactor. Trr=950°C. Conditions in the

first fuel-reactor: H:O/C=0.7. ¢=2. ncs=90%. Xsin= 0. yocy=0.53%.
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This second step could be made by using a two-step reactor if the fuel-reactor works with
bubbling bed conditions. However, if the reactor is a circulating bed, it would be necessary
to install a second reactor or it would be also feasible to improve the solid-gas contact by

means of internals in the diluted region.

The simulations done with the simplified model for the iG-CLC process showed that an
optimized CLC system for solid fuels with ilmenite as oxygen-carrier should have a carbon
separation system with high efficiency above 90%, work at a high fuel-reactor temperature
-desirably above 950°C- and would need 1000-2000 kg/MWuw of inventory. These
parameters would lead to high carbon captures above 90%. The contact efficiency of the
volatile matter with the oxygen-carrier should be increased with some design solutions.
The implementation of a second fuel-reactor whose inventory was calculated to be around
44 kg/MWu is proposed as a very promising option to fully burn the volatile matter and

avoid an extra oxygen polishing step.
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5 Conclusions






The feasibility and performance of the Chemical-Looping Combustion technology for
solid fuels was studied. The natural mineral ilmenite was used as oxygen-carrier regarding
its properties, low cost and because it is environmentally friendly. The conditions and key
parameters that improve the process efficiency were evaluated, in order to get a
competitive combustion technology with low cost CO:2 capture. This was studied by doing
tests in a thermogravimetric analyzer (TGA), a batch fluidized bed reactor for gaseous
fuels, a batch fluidized bed reactor for solid fuels and a continuous CLC unit for solid fuels,
the ICB-CSIC-s1, all these devices are placed at the Instituto de Carboquimica (ICB-CSIC)
in Zaragoza (Spain). Tests in a 10 kWu continuous CLC unit for solid fuels at Chalmers

University of Technology in Géteborg (Sweden) were also done.

Focus was made on analyzing the behavior and suitability of ilmenite as oxygen-carrier in
CLC with solid fuels by in-situ gasification CLC (iG-CLC). Ilmenite was seen to undergo
an activation process, since it increases its reactivity with the number of redox cycles. After
several cycles, reduction and oxidation rate of ilmenite reaches a maximum value which is
maintained after many hours of operation. The higher is the conversion variation reached
in the redox cycles, the faster is the activation. Previous calcination of ilmenite has a
positive effect on the activation process. After activation, the reactivity for H> and CO
rises around 5 times, while for CHys this increase is about 15 times. The activated ilmenite
exhibited high reactivity in both reduction and oxidation reactions. Reaction with Ho is
faster than with CO and CHa. Times for complete conversion at 950 °C lower than 120 s

using 15% of Hz, CO or CHs, and 30 s using 21% of Oz in TGA.

Structural changes on ilmenite particles after activation were observed. The most
remarkable is the porosity increase in the particles: for calcined particles it was 1.2% and it
increased up to 38% after 100 cycles in batch fluidized bed with a conversion of 65%. It was
observed the appearance of cracks and an external shell in the particle, which is Fe
enriched. As activation proceeds the reactivity increases, but the oxygen transport capacity
of ilmenite decreases due to the physical segregation of Fe:TiOs in the oxidized ilmenite
and the appearance of an external shell which is enriched in free Fe2Os. The higher is the

conversion variation reached in the redox cycles, the faster is the segregation of Fe:TiO:s
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and the decrease in the oxygen transport capacity. The initial oxygen transport capacity
value is 4.0% and it decreased until 2.1% after 100 redox cycles in batch fluidized bed with
a conversion of 65%. However, in continuous testing with an average conversion of 30%,

the oxygen transport capacity after almost 100 hours of operation only decreased to 3.9%.

In comparison to other oxygen-carriers and in particular to iron-based carriers, the oxygen
transport capacity and reactivity showed for ilmenite have high enough values to transfer
the required oxygen from air to fuel in a CLC system. As for its fluidization properties,
low attrition values were found for ilmenite during fluidized-bed operation, and no

defluidization was seen for typical CLC operating conditions.

98 hours of continuous operation with coal feed and 122 hours of fluidization were made
in the ICB-CSIC-s1 CLC facility. The operation performance was assessed in these tests
using different solid fuels ranging from lignite to anthracite and evaluating the effect of

operational parameters on carbon capture and combustion efficiency.

In all cases, unburnt compounds were found in the gas stream from the fuel-reactor. The
outgoing unburnt gases in the fuel-reactor were measured when using coal as fuel, that is,
CHs4, CO and H», which came from volatile matter that had not been fully oxidized.

Gasification products were fully oxidized.

The combustion efficiency in the fuel-reactor is higher for higher temperature, higher
solids inventory and for solid fuels with lower volatile content and with faster gasification
rate. The combustion efficiency was not limited by the reaction rate of ilmenite, but it is
limited by the low conversion of volatile matter. The combustion efficiency of the volatiles
seems to depend on the composition of the released volatiles of each fuel. The average of
combustion efficiency of volatiles was around 52% for lignite, 61% for HV bituminous
Colombian coal, 58% for MV bituminous South African coal and 42% for anthracite.
Combustion efficiencies had values higher than 75% at 910°C with an average inventory of
1200 kg/MWu for all the fuels tested, and for bituminous Colombian coal at 950°C the
combustion efficiency was 95% with 3100 kg/MWuw inventory. Thus, the oxygen polishing

need is quite low.
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The carbon capture efficiency was increased by increasing the char gasification rate. A
relevant growth in the gasification rate was seen when ilmenite was used compared to an
inert bed material, because ilmenite reacts with H> and CO which are gasification
inhibitors. The temperature is one of the most influencing parameters. At higher fuel-
reactor temperatures, gasification is faster and promoted for all types of solid fuels. The
carbon capture is higher for the solid fuels with faster char gasification rates and also when
the volatile content in the fuel is higher. High values of carbon capture can be obtained,
but it is essential to have a highly efficient carbon separation system that reintroduced
unconverted char particles back to the fuel-reactor, especially for solid fuels with slow
gasification rates such as anthracites. Carbon capture as high as 93% at 920°C was obtained
even without a carbon separation system with lignite, which has fast char gasification rate.
In addition, lower recirculation rates and thereby lower oxygen-carrier to fuel ratios led to
enhanced CO: capture efficiencies. That was because the increase in char residence time led

to an increase in the char conversion.

Several CO22H>O mixtures as gasification agent were tested. Depending on the type of fuel,
some of the steam as gasification agent can be replaced by CO: recirculated from the outlet
fuel-reactor flow, getting similar system performance and thereby saving energy derived
from steam generation. In case of lignite there is no change in the process performance
when gasifying with CO: and for bituminous coals the use of some CO: would be
admissible. On the other hand, for anthracite the lower gasification rate of char with CO:>

leads to a substantial drop in the performance.

Continuous tests carried out in a 10 kW CLC facility fuelled with petcoke found that the
addition of some limestone to a bed of ilmenite led to some improvement in the process
performance. This beneficial effect could be explained by lime catalyzing the water-gas shift

equilibrium, and subsequent faster reaction of Hz with ilmenite.

With all the experimental information gathered, a theoretical simplified model for the fuel-

reactor was developed, based on the differential mass balances with reaction in the fuel-
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reactor. The model includes the kinetics of coal char gasification and reaction of the

gasification and devolatilization products with the oxygen-carrier.

The kinetic parameters of calcined and activated particles were obtained by determining
the reactivities of the reduction reaction with Hz, CO or CHs, as main gases of coal
devolatilization and gasification, and the oxidation reaction by oxygen were determined by
thermogravimetric analysis. The grain model with uniform reaction in the particle and
reaction in the grains following a changing grain size model with chemical reaction control
was used to determine the kinetic parameters. In addition, to predict the behavior of the
oxidation of calcined ilmenite, a mixed resistance between chemical reaction and diffusion

in the solid product was needed.

The model results were compared and validated with results from tests done in the ICB-
CSIC-s1 facility fuelled with bituminous Colombian coal and ilmenite as oxygen-carrier.
The limitation to obtain full combustion in the fuel-reactor was assigned to poor contact of
the volatile matter with the oxygen-carrier. The fraction of fuel-reactor bed in contact with
the volatiles in that facility was calculated to be 0.53%. After that, the most relevant
operating conditions for iG-CLC were optimized by analyzing their effect on the

performance of the system.

The carbon capture was directly related to the gasification extent, which is promoted by
increasing the temperature or the residence time of char in the fuel-reactor, which agrees
with experimental results. It is highly beneficial to increase the solids inventory to 1000-
2000 kg/M W, but further increase leads to no relevant improvements. To further enhance
the carbon capture, the implementation of a carbon separation system was proposed,
whose separation efficiency was found to be a key factor to reach high values of char
conversion. With 1000 kg/MWu inventory at 900°C, the simulated carbon capture
increased from 45.2% with 0% separation efficiency to 79.8% with 90% separation

efficiency.

High oxygen-carrier to fuel ratio means high solids recirculation rate and thereby lower

residence time, which leads to a decrease in carbon capture efficiency. The negative
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influence of the gasification step as the oxygen-carrier to fuel ratio increases had lower

relevance as the efficiency of the carbon separation system increased.

To have a high reactive oxygen-carrier is important to reach high combustion efficiencies,
but is not the key factor to get high performance of the process. Lower influence was

observed for the gasification agent to fixed carbon ratio or the type of gasification agent

(for different H2O:CO: mixtures).

The experience from the smaller to the larger lab-scale experiments and the simulation
with a wide range of conditions showed that an optimized CLC system for solid fuels with
ilmenite as oxygen-carrier should have a carbon separation system with high efficiency
above 90%, work at a high fuel-reactor temperature -desirably above 950°C- and would
need 1000-2000 kg/MWuw of inventory. The contact efficiency of the volatile matter with
the oxygen-carrier should be increased with some design solutions or the implementation
of a second fuel-reactor is proposed as an option to fully burn the volatile matter and avoid
an extra oxygen polishing step. With these measures and parameter values, carbon capture
efficiency higher than 90% and full combustion can be reached with a wide range of solid

tuels.
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6 Acronyms, notations and symbols






AR air-reactor
Cmax maximum CO: or H2O fraction if

there is full combustion (%)
Cy average concentration of fuel gas in the

reactor (%)

CLC Chemical-Looping Combustion

Ea activation energy (kJ/mol)

exp experimental

FB fluidized bed

fc carbon concentration from char in the
fuel-reactor (kg/kg)

Fcehar off flow of effective carbon char
introduced (mol/s)

(Fc)e flow of carbon contained in the
products of char gasification (mol/s)

Fcyvol carbon flow coming from the volatile
matter (mol/s)

Fcozar CO: flow in the air-reactor outlet
(mol/s)

Fcozrr, Fmorr, Frrr, Fcrsrr, Fcorr flows
of CO2, H20, Hz2, CH4, and CO in the fuel-
reactor, respectively (mol/s)

Fcs flow in the carbon-stripper (mol/s)

1 70, ¥ fFeZTl-oj mass fractions of Fe:Os and

Fe:TiO:s in ilmenite, respectively (%owt.)

Frris flow in the small fuel-reactor loop-seal
(mol/s)

Frus flow in the higher loop-seal (mol/s)
Faver flow in the high-velocity section in
the fuel-reactor (mol/s)

Fim solids circulation rate (kg/s)

Fin and Fou molar flows of the respectively
inlet and outlet gas streams (mol/s)

Frots flow in the lower loop-seal (mol/s)
Frover steam flow in the low-velocity
section in the fuel-reactor (mol/s)

FR fuel-reactor

FR1 first fuel-reactor

FR2 second fuel-reactor

HO/C steam to fixed carbon ratio
(mol/mol)

HV high volatile

1.d. internal diameter (m)

i1G-CLC in-situ Gasification Chemical-

Looping Combustion

k constant value of char gasification rate (s")
ks chemical reaction kinetic constant (mol™
m™? sY)

ki y ko kinetic constants of the char
gasification model (s'bar”)

ks kinetic constant of the char gasification
model (s7)

LHV low heating value (k]/kg)

m oxygen-carrier instantaneous mass (kg)
MexOy oxidized oxygen-carrier

MexOy-1 reduced oxygen-carrier

meharfr mass of char in the fuel-reactor (kg)
mimFr ilmenite mass in the fuel-reactor (kg)
Mc atomic weight of carbon (kg/mol)

Mo atomic weight of oxygen (kg/mol)

moc mass inventory of the oxygen-carrier
in the fuel-reactor (kg)

mo mass of fully oxidized oxygen-carrier(kg)
my mass of fully reduced oxygen-carrier (kg)
My solids circulation rate (kg/s per MWw)
MV medium volatile

n reaction order

Noim molar amount of oxygen in ilmenite
active for CLC process (mol O)

Ncowr mol number of carbon fed into the
reactor (mol C)

OC oxygen-carrier

O2 dem coalefi OXygen demand of the effective
coal fed (mol O:/s)
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Ocouleti flow of oxygen contained in the
effective coal introduced (mol O/5s)

Pin and Pow partial pressures of the gas at the
reactor inlet and outlet, respectively

P mean partial pressure of the gaseous fuel
in the reactor

Prrod partial pressure of the gaseous products

Ppreace partial pressure of the gaseous reactants

Pt reference partial pressure

prca partial pressure of the fuel gas used in
the TGA experiments

rc char gasification rate (s")

rcins char conversion instantaneous rate (s”)

7g grain radius (m)

(—Fymi) reaction rate of ilmenite with the
gasi(s)

(-ro) rate of oxygen transferred by ilmenite
(kg O2/s kg oxygen-carrier)

R, 0, oxygen transport capacity of Fe:Os

when it is reduced to Fe;Os (kg/kg)

Ryfeio, OXygen transport capacity of
Fe:TiOs when it is reduced to Fe:TiO:s
(kg/kg)

Ro,im oxygen transport capacity of ilmenite
(kg/kg)

Roc transport capacity of an oxygen-carrier
t time (s)

T temperature (°C)

Trr fuel-reactor temperature (°C)

TGA thermogravimetric analyzer

tmchar char mean residence time (s)

tro is the initial time when the considered
reaction begins (s)

WGS Water-Gas Shift

Xchar char conversion

Xenr conversion value for which porosity
collapses in ilmenite oxidation

X, conversion for the oxidation reaction

X conversion for the reduction reaction

AX oxygen-carrier conversion variation

yi molar fraction of the gas 1

g coefficient of expansion of the gas
mixture

Qob oxygen demand

¢ oxygen-carrier to fuel ratio

xocy fraction of the oxygen-carrier bed that
is in contact with the volatile matter

Yo oxygen yield

Ne combustion efficiency

Nce carbon capture efficiency

Neomb FR combustion efficiency in the fuel-
reactor

ncs efficiency of the carbon separation
system

p,, molar density (mol/m’)

o mass based conversion (kg/kg)
ored and ox reduced and oxidized mass
based conversions of ilmenite reached in the

previous period, correspondingly

124



7 References






Abad et al,, 2006. Abad A, Mattisson T, Lyngfelt A, Rydén M. Chemical-Looping
combustion in a 300 W continuously operating reactor system using a manganese-based

oxygen-carrier. Fuel 2006;85:1174-85.

Abad et al., 2007a. Abad A, Garcia-Labiano F, de Diego LF, Gayan P, Adanez J. Reduction
kinetics of Cu-, Ni-, and Fe-based oxygen-carriers using syngas (CO + Ho) for chemical-
looping combustion. Energy Fuels 2007;21:1843-53.

Abad et al., 2007b. Abad A, Mattisson T, Lyngfelt A, Johansson M. The use of iron oxide
as oxygen-carrier in a chemical-looping reactor. Fuel 2007;86:1021-35.

Abad et al., 2007c. Abad A, Adanez J, Garcia-Labiano F, de Diego LF, Gayan P, Celaya J..
Mapping of the range of operational conditions for Cu-, Fe-and Ni-based oxygen-carriers
in chemical-looping combustion. Chem Eng Sci 2007;62(1-2):533-549.

Adanez et al, 1985. Adanez J, Miranda JL, Gavilan JM. Kinetics of a lignite-char
gasification by COa. Fuel 1985;64(6):801-804.

Adanez et al., 2005. Adanez J, Abad A, Garcia-Labiano F, de Diego LF, Gayan P. H:S

retention with Ca-based sorbents in a pressurized fixed-bed reactor: Application to

moving-bed design. Fuel 2005;84(5):533-542.

Adanez et al., 2006. Adanez J, Gayan P, Celaya ], de Diego LF, Garcia-Labiano F, Abad A.
Chemical looping combustion in a 10 kW prototype using a CuO/ALOs oxygen-
carrier: effect of operating conditions on methane combustion. Ind Eng Chem Res

2006;45:6075-80.

Adanez et al., 2011. Adanez J, Abad A, Garcia-Labiano F, Gayan P, de Diego LF. Progress
in Chemical-Looping Combustion and Reforming technologies. Prog Energy Comb Sci.

doi:10.1016/j.pecs.2011.09.001.

Archer, 2005. Archer D. Fate of fossil fuel CO: in geologic time. ] Geophys Res 2005;110,
C09S05, doi:10.1029/2004]C002625.

Barin, 1989. Barin, I. Thermochemical Data of Pure Substances. 1989. VCH, Weinhein,

Germany.

127



Berguerand and Lyngfelt, 2008a. Berguerand N, Lyngfelt A. The use of petroleum coke as
fuel in a 10 kWth chemical-looping combustor. Int ] Greenhouse Gas Control

2008;2:169-179.

Berguerand and Lyngfelt, 2008b. Berguerand N, Lyngfelt A. Design and operation of a 10
kWth chemical-looping combustor for solid fuels - Testing with South African coal.
Fuel 2008;87:2713-2726.

Berguerand and Lyngfelt, 2009a. Berguerand N, Lyngfelt A. Chemical-Looping
combustion of petroleum coke using ilmenite in a 10 kWth unit-high-temperature

operation. Energy Fuels 2009;23(10):5257-68.

Berguerand and Lyngfelt, 2009b. Berguerand N, Lyngfelt A. Operation in a 10 kWth
chemical-looping combustor for solid fuel—Testing with a Mexican petroleum coke.

GHGT-9. Energy Procedia 2009;1(1):407-414.
Bidwe et al, 2011. Bidwe AR, Mayer F, Hawthorne C, Charitos A, Schuster A,

Scheffknecht G. Use of ilmenite as an oxygen-carrier in Chemical-Looping Combustion

- Batch and continuous dual fluidized bed investigation. Energy Procedia 2011;4:433-

440.

Cao and Pan, 2006. Cao Y, Pan W-P. Investigation of chemical looping combustion by
solid fuels. 1. Process analysis. Energy Fuels 2006;20:1836-44.

Cao et al,, 2006. Cao Y, Casenas B, Pan W-P. Investigation of Chemical-Looping
Combustion by Solid Fuels. 2. Redox Reaction Kinetics and Product Characterization
with Coal, Biomass, and Solid Waste as Solid Fuels and CuO as an Oxygen-carrier.
Energy Fuels 2006;20:1845-54.

Carapellucci and Milazzo, 2003. Carapellucci R, Milazzo A. Membrane systems for CO:2
capture and their integration with gas turbine units. Proceedings of the Institution of
Mechanical Engineers Part A: Journal of Power and Energy 2003;217:505-517.

Cho et al.,, 2006. Cho P, Mattisson T, Lyngfelt A. Defluidization Conditions for a
Fluidized Bed of Iron Oxide-, Nickel Oxide-, and Manganese Oxide-Containing

Oxygen-carriers for Chemical-Looping Combustion. Ind Eng Chem Res 2006;45:968-
977.

128



Chuang et al., 2008. Chuang SY, Dennis JS, Hayhurst AN, Scott SA. Development and
performance of Cu-based oxygen-carriers for chemical-looping combustion. Combust

Flame 2008;154:109-121.

Dennis et al., 2006. Dennis JS, Scott SA, Hayhurst AN. In situ gasification of coal using
steam with chemical looping: a technique for isolating CO: from burning a solid fuel.

Journal of the Energy Institute 2006;79(3):187-190.

Dueso et al., 2009. Dueso C, Garcia-Labiano F, Adanez ], de Diego LF, Gayan P, Abad A.
Syngas combustion in a chemical-looping combustion system using an impregnated Ni

based oxygen-carrier. Fuel 2009;88:2357-64.

Forero et al., 2009. Forero CR, Gayan P, de Diego LF, Abad A, Garcia-Labiano F, Adanez
J. Syngas combustion in a 500 Wth chemical-looping combustion system using an

impregnated Cu-based oxygen-carrier. Fuel Proc Technol 2009;90:1471-9.

Ghoniem, 2011. Ghoniem AF. Needs, resources and climate change: Clean and efficient

conversion technologies. Progress in Energy and Combustion Science 2011;37(1):15-51.

Gu et al., 2011. Gu H, Shen L, Xiao J, Zhang S, Song T. Chemical Looping Combustion of
Biomass/Coal with Natural Iron Ore as Oxygen-carrier in a Continuous Reactor.

Energy Fuels 2011;25(1):446-455.

Hossain and de Lasa, 2008. Hossain MM, de Lasa HI. Chemical-Looping combustion
(CLC) for inherent CO: separations—a review. Chem Eng Sci 2008;63:4433-51.

IEA, 2006. International Energy Agency (IEA). Energy technology perspectives: Scenarios
and strategies to 2050. Paris, France: OECD/IEA; 2006.

IEA, 2007. International Energy Agency (IEA). World energy outlook 2007. IEA
Publications; 2007.

IEA, 2010. International Energy Agency (IEA). Energy Technology Perspectives 2010,
OECD/IEA, Paris.

IPCC, 2001. Climate Change 2001. The third Assesment Report of the Intergovernmental
Panel on Climate Change (IPCC). Cambridge, UK: Cambridge University Press; 2001.

IPCC, 2002. Climate change and biodiversity. IPCC technical paper V. IPCC; 2002.

IPCC, 2005. IPCC special report on carbon dioxide capture and storage, Cambridge, UK:
Cambridge University Press; 2005.

129



IPCC, 2007. IPCC. Climate Change 2007: Synthesis Report.

Jin and Ishida, 2004. Jin H, Ishida M. A new type of coal gas fuelled chemical-looping
combustion. Fuel 2004;83:2411-7.

Johansson et al., 2004. Johansson M, Mattisson T, Lyngfelt A. Investigation of Fe2O3 with
MgAl204 for Chemical-Looping Combustion. Ind Eng Chem Res 2004;43(22):6978-87.

Johansson et al., 2006a. Johansson E, Mattisson T, Lyngfelt A, Thunman H. Combustion
of Syngas and Natural Gas in a 300 W Chemical-Looping Combustor. Chem Eng Res
Des 2006;84:819-27.

Johansson et al., 2006b. Johansson M, Mattisson T, Lyngfelt A. Comparison of oxygen-

carriers for chemical-looping combustion. Thermal Sci 2006;10:93-107.

Johnson, 1981. Johnson J L. Fundamentals of Coal Gasification. In Chemistry of coal
utilization. 2nd supplementary volume. Chapter 23. Ed. M.A. Elliott. Wiley-

Interscience Publication, New York, 1981.

Kerr, 2005. Kerr HR. Capture and separation technology gaps and priority research needs.
In: Thomas DC, Benson SM, editors. Carbon dioxide capture for storage in deep
geologic formations— Results from the CO: capture project, Oxford, UK: Elsevier; 2005,
vol. 1, Chapter 38.

Kolbitsch et al., 2009. Kolbitsch P, Bolhar-Nordenkampf J, Proll T, Hofbauer H.
Comparison of two Ni based oxygen-carriers for chemical looping combustion of

natural gas in 140 kW continuous looping operation. Ind Eng Chem Res 2009;48:5542-7.

Leion et al., 2007. Leion H, Mattisson T, Lyngfelt A. The use of petroleum coke as fuel in
chemical-looping combustion. Fuel 2007;86:1947-58.

Leion et al., 2008a. Leion H, Mattisson T, Lyngfelt A. Solid fuels in chemical-looping
combustion. Int. J. Greenhouse Gas Control 2008;2:180-93.

Leion et al., 2008b. Leion H, Lyngfelt A, Johansson M, Jerndal E, Mattisson T. The use of
ilmenite as an oxygen-carrier in chemical-looping combustion. Chem Eng Res Des

2008;86:1017-26.

Leion et al., 2009a. Leion H, Mattissson T, Lyngfelt A. Use of ores and industrial products

as oxygen-carriers in chemical-looping combustion. Energy Fuels 2009;23:2307-15.

130



Leion et al., 2009b. Leion H, Jerndal E, Steenari B-M, Hermansson S, Israelsson M, Jansson
E, Johnsson M, Thunberg R, Vadenbo A, Mattisson T, Lyngfelt A. Solid fuels in
chemical-looping combustion using oxide scale and unprocessed iron ore as oxygen-

carriers. Fuel 2009;88:1945-54.

Leion et al., 2009¢c. Leion H, Mattisson T, Lyngfelt A. Effects of steam and CO: in the
fluidizing gas when using bituminous coal in chemical-looping combustion. Proceedings
of the 20th International Conference on Fluidized Bed Combustion, Xian (China), 2009,
608-11.

Leion et al., 2009d. Leion H, Lyngfelt A, Mattisson T. Solid fuels in chemical-looping
combustion using a NiO-based oxygen-carrier. Chem Eng Res Des 2009;87:1543-50.

Linderholm et al., 2008. Linderholm C, Abad A, Mattisson T, Lyngfelt A. 160 h of
chemical-looping combustion in a 10 kW reactor system with a NiO-based oxygen-

carrier. Int ] Greenhouse Gas Control 2008;2:520-30.

Linderholm et al., 2009. Linderholm C, Mattisson T, Lyngfelt A. Long-term integrity
testing of spray dried particles in a 10 kW chemical-looping combustor using natural gas

as fuel. Fuel 2009;88:2083-96.

Linderholm et al,, 2011. Linderholm C, Cuadrat A, Lyngfelt A. Chemical-Looping
combustion of solid fuels in a 10 kWth pilot - batch tests with five fuels. Energy

Procedia 2011;4:385-92.

Lyngfelt et al., 2001. Lyngfelt A, Leckner B, Mattisson T. A fluidized-bed combustion
process with inherent CO: separation, application of chemical-looping combustion.

Chem Eng Sci 2001;56:3101-13.

Lyngfelt and Thunman, 2005. Lyngfelt A, Thunman H. Construction and 100 h of
operational experience of a 10 kW chemical-looping combustor. In: Thomas DC,

Benson SM, editors. Carbon dioxide capture for storage in deep geologic formations-

Results from the CO: capture project, Oxford, UK: Elsevier; 2005, vol. 1, Chapter 36.

Lyngfelt et al., 2008. Lyngfelt A, Johansson M, Mattisson T. Chemical-Looping
Combustion - Status of Development. Proceedings of the 9th International Conference

on Circulating Fluidized Beds (CFB-9), Hamburg, Germany, 2008.

131



Mattisson et al., 2007. Mattisson T, Garcia-Labiano F, Kronberger B, Lyngfelt A, Adanez ],
Hofbauer H. Chemical-Looping combustion using syngas as fuel. Int ] Greenhouse Gas

Control 2007;1:158-69.

Mattisson et al., 2009. Mattisson T, Lyngfelt A, Leion H. Chemical-looping with oxygen
uncoupling for combustion of solid fuels. Int ] Greenhouse Gas Control 2009;3(1):11-19.

NOAA-ESRL, 2010. National Oceanic and Atmospheric Administration in the US.
Average concentration of CO: in the atmosphere (Mauna Loa Observatory) for 2010
was posted September 8, 2011

Petrakopoulou et al., 2011. Petrakopoulou F, Boyano A, Cabrera M, Tsatsaronis G.
Exergoeconomic and exergoenvironmental analyses of a combined cycle power unit
with chemical looping technology. Int J of Greenhouse Gas Control 2011;5(3):475-482.

Proll et al., 2009. Proll T, Mayer K, Bolhar-Nordenkampf ], Kolbitsch P, Mattisson T,
Lyngfelt A, Hofbauer H. Natural minerals as oxygen-carriers for chemical-looping
combustion in a dual circulating fluidized bed system. Energy Procedia 2009;1:27-34.

Rao and Prototypeaud, 1975. Rao DB and Prototypeaud M. Kinetics of the oxidation of
ilmenite. Oxidation of Metals 1975;9(1):99-116.

Ryu et al., 2005. Ryu HJ, Jin G-T, Yi C-K. Demonstration of inherent CO: separation and
no NOx emission in a 50 kW chemical-looping combustor: Continuous reduction and
oxidation experiment. Proc 7th Int Conf Greenhouse Gas Control Technology
(GHGT-7). Vancouver, Canada, 2004.

Scott et al., 2006. Scott SA, Dennis JS, Hayhurst AN, Brown T. In situ gasification of a
solid fuel and CO: separation using chemical looping. AIChE ] 2006;52:3325-8.

Shen et al., 2009a. Shen L, Wu ], Xiao J, Song Q, Xiao R. Chemical-Looping Combustion

of Biomass in a 10 kWth Reactor with Iron Oxide as an Oxygen-carrier. Energy Fuels
2009;23:2498-2505.

Shen et al., 2009b. Shen L, Wu ], Xiao J. Experiments on chemical looping combustion of

coal with a NiO based oxygen-carrier. Combust Flame 2009;156:721-8.

Shen et al., 2009¢c. Shen L, Wu J, Gao Z, Xiao J. Reactivity deterioration of NiO/ALOs
oxygen-carrier for chemical looping combustion of coal in a 10 kWth reactor. Combust

Flame 2009;156:1377-85.

132



Shen et al., 2010. Shen L, Wu J, Gao Z, Xiao J. Characterization of chemical looping
combustion of coal in a 1 kWth reactor with a nickel-based oxygen-carrier. Combust

Flame 2010;157:934-42.

Simell et al., 2000. Simell P, Stahlberg P, Kurkela E, Albrecht J, Deutsch S and Sjostrom K.
Provisional protocol for the sampling and analysis of tar and particulates in the gas from

large-scale biomass gasifiers. Version 1998. Biomass Bioenergy 2000;18(1):19-38.

Siriwardane et al., 2009. Siriwardane R, Tian H, Richards G, Simonyi T, Poston ]J.
Chemical-Looping Combustion of Coal with Metal Oxide Oxygen-carriers. Energy
Fuels 2009;23:3885-92.

Teyssié et al., 2011. Teyssié G, Leion H, Schwebel GL, Lyngfelt A, Mattisson T. Influence
of lime addition to ilmenite in chemical-looping combustion (CLC) with solid fuels.

Energy Fuels 2011;25(8):3843-53.

Thambimuthu et al., 2005. Thambimuthu K, Soltanieh M, Abanades JC. Capture of CO..
In: Metz B, Davidson O, de Coninck HC, Loos M, Meyer LA, editors. IPCC special

report on carbon dioxide capture and storage, Cambridge. UK: Cambridge University

Press; 2005, chapter 3.

Thomas and Benson, 2005. Thomas DC, Benson SM. Carbon dioxide capture for storage in
deep geologic formations- Results from the CO: capture project, Oxford, UK: Elsevier;
2005. Vol 1 and 2.

Toftegaard et al., 2010. Toftegaard MB, Brix J, Jensen PA, Glarborg P, Jensen AD. Oxy-
fuel combustion of solid fuels. Prog Energy Combust Sci 2010;36:581-625.

United Nations, 1998. Kyoto protocol to the United Nations framework convention on
climate change. United Nations; 1998.

Wu et al., 2010. Wu J, Shen L, Hao J, Gu H. Chemical looping combustion of coal in a 1
kWth reactor with iron ore as an oxygen-carrier. Proc 1st Int Conf on Chemical
Looping. Lyon, France; 2010.

Wolf et al., 2001. Wolf J, Anheden M, Yan J. Performance Analysis of Combined Cycles

with Chemical-Looping Combustion for CO: Capture. In International Pittsburg Coal

Conference, Newcastle, New South Wales, Australia, Dec 3-7, 2001.

133



Yang et al., 2007. Yang J-B, Cai N-S, Li Z-S. Reduction of iron oxide as an oxygen-carrier
by coal pyrolysis and steam char gasification intermediate products. Energy Fuels

2007;21:3360-8.

Zafar et al., 2007a. Zafar Q, Abad A, Mattisson T, Gevert B, Strand M. Reduction and
oxidation kinetics of Mn3Os/Mg-ZrO: oxygen-carrier particles for chemical-looping

combustion. Chem Eng Sci 2007;62:6556-67.

Zafar et al., 2007b. Zafar Q, Abad A, Mattisson T, Gevert B. Reaction kinetics of freeze-
granulated NiO/MgALO: oxygen-carrier particles for chemical-looping combustion.

Energy Fuels 2007;21:610-8.

Zero Emissions Platform, 2011. European Technology Platform for Zero Emission Fossil

Fuel Power Units. The Costs of CO: Capture, Transport and Storage. 2011.

Zhao et al., 2008. Zhao H, Liu L, Wang B, Xu D, Jiang L, Zheng C. Sol-gel-derived
NiO/NiALOs oxygen-carriers for chemical-looping combustion by coal char. Energy
Fuels 2008;22:898-905.

134



Appendix - Papers






Paper 1






Energy Fuels 2010, 24, 1402-1413 - DOI:10.1021/ef900856d
Published on Web 01/07/2010

energy:fuels
article
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Ilmenite, a natural mineral composed of FeTiOs, is a low-cost and promising oxygen carrier (OC) for solid
fuels combustion in a chemical-looping combustion (CLC) system. The aim of this study is to analyze the
behavior of ilmenite as an OC in CLC and the changes in its properties through redox cycles. Experiments
consisting of reduction—oxidation cycles in a thermogravimetric analyzer were carried out using the main
products of coal pyrolysis and gasification, that is, CHy4, H,, and CO, as reducing gases. Characterizations
of ilmenite through scanning electron microscopy—energy-dispersive X-ray (SEM—EDX), X-ray diffrac-
tion (XRD), Hg porosimetry, N, fisisorption, He pycnometry, and hardness measures have been
performed. Both fresh and previously calcined at 1223 K ilmenite have been used as initial OCs. Fresh
ilmenite reacts slowly; nevertheless, there is a gain in reactivity in reduction as well as in oxidation with the
number of cycles. This activation occurs for all tested fuel gases and is faster if ilmenite has been previously
calcined. The initial oxygen transport capacity was measured to be 4%, and it decreases with the number of
cycles up to 2.1% after 100 redox cycles. Nevertheless, ilmenite shows adequate values of reactivity and
oxygen transport capacity for its use in CLC technology with solid fuels. The trade-off between the increase
in reactivity and decrease in oxygen transport capacity on ilmenite performance in a CLC system has been
evaluated through the estimation of the solids inventory needed in the fuel reactor. If fresh or calcined
ilmenite is fed into the CLC system, the activation process could happen in the CLC itself. Also, a previous

step for activation can be designed.

Introduction

At present, there is a general consensus on the need of
reducing the emissions of greenhouse gas CO, to restrain
climate change. Anthropogenic CO, is mainly generated in
combustion of fossil fuels, which are foreseen to provide about
80% of the overall world consumption of energy for the next
several decades. With regard to the energy-related CO, emis-
sions by fuel type, coal use generated 39% of the emissions in
2004, and it is estimated that the percentage in 2030 will rise to
43%."* Among the different opportunities to reduce the
anthropogenic CO, emissions, carbon capture and sequestra-
tion (CCS) has been identified as a relevant option in sta-
tionary power plants using fossil fuels. In this context,
chemical-looping combustion (CLC) is one of the most pro-
mising technologies to carry out CO, capture at a low cost.> >

CLC is based on the transfer of the oxygen from air to the
fuel by means of a solid oxygen carrier (OC) that circulates
between two interconnected fluidized beds (FBs), avoiding

*To whom correspondence should be addressed. Telephone: +34-
976-733977. Fax: +34-976-733318. E-mail: jadanez@jicb.csic.es.

(1) Intergovernmental Panel on Climate Change (IPCC). Climate
Change 2007. Synthesis Report. Contribution of Working Groups I,
11, and III to the Fourth Assessment Report of the Intergovernmental
Panel on Climate Change, Geneva, Switzerland, 2007 (www.ipcc.ch).

(2) Industrial Environmental Association (IEA). International En-
ergy Outlook 2008. IEA, Washington, D.C., 2008.

(3) Eide, L. 1.; Anheden, M.; Lyngfelt, A.; Abanades, C.; Younes, M.;
Clodic, D. Oil Gas Sci. Technol. 2005, 60, 497-508.

(4) Kerr, H. R. Capture and separation technologies gaps and priority
research needs. In Carbon Dioxide Capture for Storage in Deep Geologic
Formations— Results from the CO, Capture Project; Thomas, D., Benson, S.,
Eds.; Elsevier Ltd.: Amsterdam, The Netherlands, 2005; Vol. 1, Chapter 38.

(5) Hossain, M. M.; de Lasa, H. I. Chem. Eng. Sci. 2008, 63, 4433—
4451.

(© 2010 American Chemical Society

1402

direct contact between fuel and air.® Important progress has
been made in CLC for gaseous fuels (natural gas and syngas)
to date. Several authors have successfully demonstrated the
feasibility of this process in different CLC prototypes in the
10—140 kW, range using OCs based on nickel and cobalt
oxides,” NiO,*"'"" and CuO.'? Also, there is an increasing
interest for the application of CLC using coal, regarding the
intensive use of this fuel for energy generation. There are two
possibilities for the use of the CLC technology with coal. The
first one is to carry out previous coal gasification and, subse-
quently, to introduce the produced gas in the CLC system.
Simulations performed by Jin and Ishida'® and Wolf et al.'*

(6) Lyngfelt, A.; Leckner, B.; Mattisson, T. Chem. Eng. Sci. 2001, 56,
3101-3113.

(7) Ryu, H. J.; Jin, G. T.; Yi, C. K. Demonstration of inherent CO,
separation and no NO, emission in a 50 kW chemical-looping combus-
tor: Continuous reduction and oxidation experiment. In Proceedings of
the Seventh International Conference of Greenhouse Gas Control Tech-
nologies; Wilson, M., Morris, T., Gale, J., Thambibutu, K., Eds.; Elsevier
Ltd.: Amsterdam, The Netherlands, 2005; Vol. 2, p 1907.

(8) Lyngfelt, A.; Thunman, H. In Carbon Dioxide Capture for Storage
in Deep Geologic Formations—Results from the CO, Capture Project;
Thomas, D., Benson, S., Eds.; Elsevier Ltd.: Amsterdam, Netherlands, 2005;
Vol. 1, Chapter 36.

(9) Linderholm, C.; Abad, A.; Mattisson, T.; Lyngfelt, A. Int. J.
Greenhouse Gas Control 2008, 2, 520-530.

(10) Linderholm, C.; Mattisson, T.; Lyngfelt, A. Fuel 2009, 88, 2083—
2096.

(11) Kolbitsch, P.; Proll, T.; Bolhar-Nordenkampf, J.; Hofbauer, H.
Energy Procedia 2009, 1, 1465-1472.

(12) Addnez, J.; Gaydn, P.; Celaya, J.; de Diego, L. F.; Garcia-Labiano,
F.; Abad, A. Ind. Eng. Chem. Res. 2006, 45, 6075-6080.

(13) Jin, H.; Ishida, M. Fuel 2004, 83, 2411-2417.

(14) Wolf, J.; Anheden, M.; Yan, J. Performance analysis of com-
bined cycles with chemical looping combustion for CO, capture. In
Proceedings of the International Pittsburgh Coal Conference,
Newcastle, New South Wales, Australia, Dec 3—7, 2001.
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Figure 1. Reactor scheme of the CLC process using solid fuels (- - -, optional stream).

showed that this process has the potential to achieve an
efficiency of about 5—10% points higher than a similar
combined cycle with conventional CO,-capture technology.
Several OCs based on Ni, Cu, Fe, and Mn oxides have shown
good reactivity with syngas components, i.e., H, and CO,'>!®
and the use of syngas in a CLC system has been successfully
accomplished in 300—500 Wy, continuous CLC units.” 7!

The second possibility for the use of coal in CLC is the
direct combustion in the CLC process, that is, avoiding the
need of coal gasification and the corresponding gaseous
oxygen requirement.”>?* The reactor scheme for this CLC
configuration is shown in Figure 1. In this option, coal is
physically mixed with the OC in the fuel reactor (FR) and the
carrier reacts with the gas products from steam coal gasifica-
tion, where H, and CO are main components. Thus, the solid
fuel gasification proceeds in the FR first according to reac-
tions 1—3 and the resulting gases and volatiles are oxidized
through reduction of the oxidized OC, Me,O,, by means of
reaction4. The OCreduced in the FR,Me, O, is transferred
to the air reactor (AR), where reaction 5 with oxygen from air
takes place. Thus, the OC is regenerated to start a new cycle.
The net chemical reaction is the same as usual combustion
with the same combustion enthalpy.

coal — volatile matter + char (1)
char+H,O — H, +CO (2)
char + CO, — 2CO (3)

H,, CO, volatile matter (CH4) +nMe, O, — CO,
+H,O0 +nMe, O, - (4)
Me,O, | +1/20, — Me,O, (5)

Ideally, the stream of combustion gases from the FR
contains primarily CO, and H,0, although some unburnt
compounds can also appear (CO, H,, CHy, and volatiles).

(15) Mattisson, T.; Garcia-Labiano, F.; Kronberger, B.; Lyngfelt, A.;
Adanez, J.; Hofbauer, H. Int. J. Greenhouse Gas Control 2007, 1, 158—
169.

(16) Abad, A.; Garcia-Labiano, F.; de Diego, L. F.; Gaydn, P.;
Adanez, J. Energy Fuels 2007, 21, 1843-1853.

(17) Johansson, E.; Mattisson, T.; Lyngfelt, A.; Thunman, H. Chem.
Eng. Res. Des. 2006, 84, 819-827.

(18) Abad, A.; Mattisson, T.; Lyngfelt, A.; Rydén, M. Fuel 2006, 85,
1174-1185.

(19) Abad, A.; Mattisson, T.; Lyngfelt, A.; Johansson, M. Fuel 2007,
86, 1021-1035.

(20) Dueso, C.; Garcia-Labiano, F.; Adanez, J.; de Diego, L. F.;
Gayan, P.; Abad, A. Fuel 2009, 88, 2357-2364.

(21) Forero, C. R.; Gaydn, P.; de Diego, L. F.; Abad, A
Garcia-Labiano, F.; Addnez, J. Fuel Process. Technol. 2009, 90, 1471-1479.

(22) Cao, Y.; Pan, W.-P. Energy Fuels 2006, 20, 1836-1844.

(23) Dennis, J. S.; Scott, S. A.; Hayhurst, A. N. J. Energy Inst. 2006,
79, 187-190.

In this case, an oxygen-polishing step can be necessary for
complete combustion to CO, and H,O. After that, water can
be easily separated by condensation, and a highly concen-
trated stream of CO, ready for compression and sequestration
is achieved. The CO, capture is inherent to this process,
because the air does not become mixed with the fuel and no
additional costs or energy penalties for gas separation are
required. The gas stream from the AR is oxygen-depleted and
consists of N> and some unreacted O,.

It is expected that the gasification process was the limiting
step in the FR; therefore, the stream of solids exiting from the
FR could contain some unconverted char together with the
OC. Thus, for solid fuels, an additional carbon stripper is
necessary to separate char particles from OC particles and,
therefore, reduce the amount of carbon transferred from the
FR to the AR. Itis necessary to point out that the transference
of char to the AR does not reduce the energetic efficiency of
the process but decreases the carbon-capture efficiency of the
system because some CO, will exit together with the exhaust
gas from the AR. Moreover, as a consequence of the ash
present in the solid fuel, it is necessary to drain ashes from the
system to avoid its accumulation in the reactors. The drain
stream will also contain some amount of OC. Thus, it is
expected that the active life of this material would be limited
by the losses together the drain stream rather than for its
degradation. The efficiency of char combustion in the FR and
the separation of ash from the OC seem to be key factors for
the development of this process.

As for gaseous fuels, suitable OCs for solid fuels in the CLC
process must have high selectivity toward CO, and H,O,
enough oxygen transport capacity, high reactivity, high me-
chanical strength, attrition resistance, and agglomeration
absence. All of these characteristics must be maintained
during many reduction and oxidation cycles. There are studies
made on the reactivity of synthetic OCs based on CuO,**
Fe,0;,2>%¢ and NiO?’ for in situ gasification of the solid fuel.
However, the low cost of the carrier is rather desirable for its
use with coal, because a partial loss together with the coal
ashes is predictable when removing them from the reactor to
avoid their accumulation in the system. The use of natural
minerals for this option seems to be very interesting, with
ilmenite being an appropriate material.*® Timenite is mainly

(24) Cao, Y.; Casenas, B.; Pan, W.-P. Energy Fuels 2006, 20, 1845~
1854.

(25) Scott, S. A.; Dennis, J. S.; Hayhurst, A. N.; Brown, T. AIChE J.
2006, 52, 3325-3328.

(26) Leion, H.; Mattisson, T.; Lyngfelt, A. Fuel 2007, 86, 1947-1958.

(27) Zhao, H.; Liu, L.; Wang, B.; Xu, D.; Jiang, L.; Zheng, C. Energy
Fuels 2008, 22, 898-905.

(28) Leion, H.; Lyngfelt, A.; Johansson, M.; Jerndal, E.; Mattisson,
T. Chem. Eng. Res. Des. 2008, 86, 1017-1026.

1403



Energy Fuels 2010, 24, 1402-1413 - DOI:10.1021/ef900856d

composed of FeTiO; (FeO-TiO,), where iron oxide is the
active phase that behaves as an OC. There are a few recent
studies showing an acceptable performance of ilmenite as an
OC in CLC at different scales. Leion et al.*®?* analyzed the
reactivity of ilmenite in a batch FB for solid fuels combustion.
Ilmenite gave high conversion of CO and H, but moderate
conversion of CHy. They observed a gain in ilmenite reactivity
asincreasing redox cycles, and eventually, reactivity as high as
for a synthetic Fe,Os-based OC was reached. Berguerand
13931 operated a 10 kW, chemical-looping combustor
using South African coal and petroleum coke as solid fuels.
They concluded that ilmenite appeared to be a suitable
material to be used for solid fuel combustion in a CLC system.
The encouraging results obtained to date indicate that there is
still further research to be carried out.

The aim of this work is to study the performance and
activation of ilmenite as an OC in a CLC system with the
main gases from coal gasification, that is, H,, CO, and CHy.
To do this, consecutive reduction—oxidation cycles were
carried out in a thermogravimetric analyzer (TGA), and to
analyze the activation process, a characterization of the initial
and reacted samples of the OC was performed.

Experimental Section

The behavior of ilmenite as an OC to be used in a CLC system
has been analyzed by consecutive redox cycles in a TGA system.

Oxygen Carrier. Ilmenite is a common mineral found in
metamorphic and igneous rocks, mainly composed of FeTiOs.
In principle, when using ilmenite as an OC in a CLC process, the
reduced form consists of FeTiO3 (FeO + TiO,) and the most
oxidized level is Fe,TiOs, which corresponds to Fe,O3 + TiO,.
The ilmenite used in this study is a concentrate from a natural
ore. Fresh ilmenite and ilmenite particles after a thermal treat-
ment were used in this work. The calcination of fresh ilmenite
was made at 1223 K in air during 24 h. The calcination was
considered to improve properties and initial reaction rates®> and
to obtain ilmenite in its most oxidized state, as already per-
formed by Leion et al.?” Moreover, a pre-oxidation of ilmenite
was also beneficial to avoid defluidization problems.**

Ilmenite particles were physically and chemically character-
ized by several techniques. The real density of the particles was
measured with a Micromeritics AccuPyc IT 1340 helium picn-
ometer. The force needed to fracture a particle was determined
using a Shimpo FGN-5X crushing strength apparatus. The
mechanical strength was taken as the average value of at least
15 measurements undertaken on different particles of each
sample randomly chosen. Particle porosity was measured by
Hg intrusion in a Quantachrome PoreMaster 33. The identifica-
tion of crystalline chemical species was carried out by powder
X-ray diffraction (XRD) patterns acquired in an X-ray diffracto-
meter Bruker AXS DSADVANCE using Ni-filtered Cu Ka
radiation equipped with a graphite monochromator.

Thermogravimetric Analysis. The effect of consecutive reduc-
tion—oxidation cycles on the reactivity of fresh and precalcined
ilmenite using various reducing gas compositions was tested in a
TGA, CI Electronics type. A detailed descrigtion of the
apparatus and procedure can be found elsewhere.**

(29) Leion, H.; Mattisson, T.; Lyngfelt, A. Int. J. Greenhouse Gas
Control 2008, 2, 180-193.

(30) Berguerand, N.; Lyngfelt, A. Int. J. Greenhouse Gas Control 2008,
2,169-179.

(31) Berguerand, N.; Lyngfelt, A. Fuel 2008, 87, 2713-2726.

(32) Zhang, G.; Ostrovski, O. Int. J. Miner. Process. 2002, 64, 201—
218.

(33) Proll, T.; Mayer, K.; Bolhar-Nordenkampf, J.; Kolbitsch,
P.; Mattisson, T.; Lyngfelt, A.; Hofbauer, H. Energy Procedia 2009, 1,
27-34.

(34) Adénez, J.; de Diego, L. F.; Garcia-Labiano, F.; Gayan, P.;
Abad, A.; Palacios, J. M. Energy Fuels 2004, 18, 371-3717.
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For the experiments, about 50 mg of ilmenite particles was
loaded on the platinum basket. The system was heated to 1173 K
in a N, atmosphere. After the set temperature was reached, the
experiment was started by exposing the OC to alternating
reducing and oxidizing conditions. To prevent reducing gas
and air as an oxidizing agent from mixing, a nitrogen flow was
passed for 2 min after the oxidizing and reducing processes. The
composition of the gas during the reduction period was 15% H,
+20% H,0, 15% CO + 20% CO,, or 15% CH4 + 20% H,0,
depending upon the reducing gas used, and N, to balance. The
addition of steam to the reducing gas flow was made by bubbling
the gas flow through a saturator containing water at the
temperature of saturation at the desired steam concentration.
Subsequent oxidation was carried out by air.

Results and Discussion

Characterization of Ilmenite Particles. Table 1 shows the
main properties for fresh and calcined ilmenite. The fresh
ilmenite used in this study was the same one used by Leion et
al.?® and has a purity of 94.3%. The inert part is a mixture of
oxides containing MgSiO3 as the main compound. Through
scanning electron microscopy (SEM) analysis, it could be
observed that the inert part is clearly distinguishable as a
separated phase from the active part formed by iron and
titanium compounds. The XRD analysis revealed ilmenite
(FeTiO3), hematite (Fe,O3), and rutile (TiO,) as major com-
ponents of fresh ilmenite. Besides, SEM —energy-dispersive
X-ray (EDX) analyses revealed a Fe/Ti molar relation
around 1:1.

Calcined ilmenite consists of a mixture of ferric pseudo-
brookite (Fe,TiOs), rutile (TiO,), and some free hematite
(Fe,O3), which confirms the literature data indicating that
iron compounds in ilmenite are in the most oxidized state
after calcination at 1223 K.*>3 To analyze the effect of the
calcination time, samples were calcined during 1, 2, 6, and
24 h. For 2, 6, and 24 h, the same XRD profiles are obtained;
therefore, it would be necessary that the pretreatment lasted
only 2 h.

Mercury porosimetry of both fresh and calcined ilmenite
exhibit low porosity development. Low values of Bru-
nauer—Emmett—Teller (BET) surface area were measured,
but a slight increase was observed after calcination. The
values of crushing strength obtained are similar to other
Fe-based OCs, and they are acceptable for the use of these
particles in a circulating fluidized bed (CFB).*® Table 1 also
includes the main properties of activated particles after
several redox cycles, and they will be discussed later.

Ilmenite composition was calculated through weight vari-
ations during oxidation or reduction of fresh ilmenite. Fresh
ilmenite is mainly composed by FeTiO;, Fe,03, and TiO,.
When ilmenite is calcined, a gain of 3.5 wt % is observed
because of the oxidation of FeTiO; (Fe?") to Fe, TiOs (Fe* 1).
This means that the fraction of FeTiO; in the raw material
should be 65.5% considering the stoichiometric oxidation of
Fe>* to Fe**. In addition, Table 2 shows the results from
experiments carried out with calcined ilmenite in a thermo-
balance at 1173 K and varying the H,O/H, ratio. Dependent
upon the H,O/H, ratio, the reduction of free Fe,O3 can
finish in Fe;O4, FeO, or Fe because of thermodynamic
equilibrium.16 At 1173 K, for H,O/H, < 0.6, free Fe,O3
can be reduced to metallic Fe’, whereas for H,O/H, > 2.7,

(35) Bhogeswara Rao, D.; Rigaud, M. Oxid. Met. 1975, 9, 99-116.
(36) Johansson, M.; Mattisson, T.; Lyngfelt, A. Therm. Sci. 2006, 10,
93-107.
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Table 1. Characterization of Fresh, Calcined, and Activated Ilmenite

fresh calcined activated
XRD (main species) FeTiO;, Fe,0s, TiO, Fe,TiOs, Fe,03, TiO, Fe,TiOs, Fey03, Fes0y, TiO,
true density (kg/m®) 4580 4100 4250
porosity (%) 0 1.2 35
particle diameter (um) 150—300 150—300 na
BET surface (m?/g) 0.6 0.8 0.4
crushing strength (N) 2.4 2.2 1.0
Table 2. Mass Variations of Ilmenite When Reduced to Various Table 3. Calculated Ilmenite Composition (wt %)
Oxidation States at 1173 K and Iron-Containing Species Determined . . . . .
by XRD fresh ilmenite calcined ilmenite
final state of final state of EZZT?(-}S égg 12
H,O/H, mass loss (%) reduced Fe,O3 reduced Fe,TiOs Fe,TiOs 54.7
50 4.0 Fe;0, FeTiO;, Fe,TiO, TiO, 14.0 28.6
1.34 4.8 FeO FeTiOs, Fe,TiO, inerts 5.7 5.5
the reaction proceeds only until the formation of Fe;0,.'® At
H,O/H; ratios between these values, free Fe,O5 is reduced to 100 -————7— A/ /T /T /T
FeO. However, in all cases, Fe,TiOs is reduced to FeTiO5 or o /
Fe,TiOy, corresponding to Fe**.?® Consequently, the mass %‘ 99 A
loss observed in each case should be different depending £
upon the final oxidation state of Fe from the reduction of free % o8 |
Fe,O;. Considering these mass variations, the resulting S
ilmenite composition is shown in Table 3. The Fe/Ti molar ES
ratio thus obtained was 1:1. g 97
Ilmenite Reactivity. Several reduction—oxidation cycles g
were carried out in TGA to analyze the reactivity of fresh 2 96
and activated ilmenite. Oxidizing as well as reducing times \ \ M k K & k \
for each cycle were set to 30 min. Figure 2 represents the Y e —————
sample mass variation during 10 cycles for fresh ilmenite. A 0 100 200 300 400 500 600
mass value of 100% is assumed to be the sample in its most time (min)

oxidized state. The initial mass is 3.5% lower, i.e., 96.5%,
corresponding to the composition of fresh ilmenite. At the
beginning, it can be observed that ilmenite is not completely
reduced or oxidized after the fixed reacting time. However,
there is an increase in both the reduction and oxidation
extension during the repeated redox cycles. The mass loss
is considered to be exclusively due to oxygen transfer and is
stabilized at a value of 4.8% after 4 cycles, which is the
maximum mass loss expected from the ilmenite composition
estimation (see Table 2). Therefore, an activation process
was observed that made the reactivity increase during the
first redox cycles.

Figures 3 and 4 show the normalized conversion for the
reduction, Xy, and oxidation, Xy o, reactions with time for
consecutive cycles of fresh ilmenite calculated from the mass
variations registered in TGA as

me—m My —m

XN = = 6

N, My — My Rom, (6)
m—ny;

X =1—-Xn.: = 7

N,o N,r Romo ( )

where m is the instantaneous mass and m, and m, are the
mass of fully oxidized and reduced ilmenite at the reacting
condition, respectively. The oxygen transport capacity, R,
was defined as the mass fraction of the OC that is used in the
oxygen transfer, calculated as

Mo —Niy

Ro = (8)

mo

For the calculation of the normalized conversion, a value of
R, = 4.8% was considered in all cases.
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Figure 2. Mass variations during reduction—oxidation cycles in
TGA starting from fresh ilmenite. Reduction and oxidation
times = 30 min. Reducing gas = 15% CH,4 + 20% H,0O. Oxidation
byair. T = 1173 K.
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Figure 3. Normalized conversion during the reduction period of
fresh ilmenite versus time through several cycles. Reducing gas =
15% CHy4 + 20% H,O. Nitrogen to balance. 7= 1173 K.

Although ilmenite presents initially a rather low reactivity,
the OC has a gradual gain in its reduction reaction rate as
well as in its oxidation rate. The reactivity increases up to a
maximum value after several cycles and stabilizes. This
increase is more pronounced in the reduction reaction than
in the oxidation reaction, because the initial reactivity for the
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Figure 4. Normalized conversion during the oxidation period in
air of fresh ilmenite versus time through several cycles. 7' =
1173 K.

1.0

08 | H, CQ CH,

06 4

v

04 4

02 4

0.0 - : : :

0 10 20 30 40 50
time (min}

Figure 5. Normalized conversion during the reduction period of
calcined ilmenite versus time for different reducing gases: 15% H, +
20% H,0, 15% CO + 20% CO,, and 15% CH, + 20% H,O.
Nitrogen to balance. 7 = 1173 K.

oxidation of ilmenite for the first oxidation step is relatively
high, with Xn, = 0.25inless than 9 s for fresh ilmenite. After
4 cycles carried out in TGA, a value for the normalized
conversion of 0.8 is reached in 120 s for reduction and 180 s
for oxidation reactions. At this point, it can be considered
that ilmenite had achieved the maximum conversion rate in
both reduction and oxidation reactions. Also, it can be
observed that the oxidation rate decreases gradually at high
conversion values (Xn, > 0.8), reaching full conversion in
30 min. This fact indicates that a change in the resistance
control has happen or the oxidation reaction proceeds via
two consecutive steps.

Similar behavior was observed for redox cycles using H,
and CO as reducing gases. For the different reducing gases,
fresh, calcined, and activated ilmenite react faster with H,
than with CO and CHy. Figures 5 and 6 show the conversion
versus time curves for the different reducing gases for
calcined and activated ilmenite, respectively. Observe that
the time scales are different in these figures. Calcined ilmenite
reacts faster with CO than with CH,, unlike activated
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Figure 6. Normalized conversion during the reduction period of
activated ilmenite versus time for different reducing gases: 15% H,
+ 20% H,0, 15% CO + 20% CO,, and 15% CHy4 + 20% H,O.
Nitrogen to balance. 7= 1173 K.
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Figure 7. Comparison of the evolution of the final normalized
conversion reached after the reduction period of fresh and calcined
ilmenite through several cycles. Reduction and oxidation time = 1
min. Reducing gas = 15% CH,4 + 20% H,0O. Nitrogen to balance.
T = 1173 K.

ilmenite. For H, and CO, the reactivity increases around
5 times after the activation, while for CHy, this increase is
about 15 times. The reactivity increase observed for all of
these fuel gases can be explained through the structural
changes undergoing the solid during consecutives redox
cycles, which will be discussed later.

Effect of Precalcination on Ilmenite Activation. Samples of
fresh and calcined ilmenite were subjected to alternating
reduction—oxidation cycles using CHy, H», or CO as redu-
cing gases. A total of 100 cycles were performed, and the
reducing and oxidizing periods were 1 min. Thus, the effect
of the extension of reduction can also be analyzed comparing
the results to that shown in Figure 2. Figure 7 represents the
final normalized conversion, Xy, reached after each redu-
cing period using CHy as the reducing gas. Both samples
showed an increase in the X, reached with the cycles up to a
constant value. This was related to the fact that the reaction
rate was higher in each cycle during the activation period
before stabilizing. After that, no gain in the reaction rate was
observed.

Both fresh and calcined ilmenite achieve the same conver-
sion level after activation, but it can be observed however
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Activated ilmenite

Figure 8. SEM images of (a) a general overview of several particles, (b) the external surface of the particles, and (c) a detail of the cross-section

inside the particles for the fresh, calcined, and activated ilmenite.

that calcined ilmenite reached the activated state earlier.
Whereas 40 cycles were necessary for the activation and
stabilization for fresh ilmenite, about 30 cycles were enough
to activate calcined ilmenite. Therefore, a previous calcina-
tion has a positive effect on both the reactivity of the OC and
the activation rate during the activation period. A similar
behavior was found when the activation was carried out
using 15 vol % H, or 15 vol % CO as reducing gases, but in
these cases calcined ilmenite activates in 9 cycles with H, and
in 20 cycles with CO.

Effect of the Extension of Reduction on Ilmenite Activation.
Experimental results where the reducing and oxidizing per-
iods were 30 and 1 min are shown in Figures 2 and 7,
respectively. The activation took only 4 cycles when the
reacting periods were 30 min, whereas about 30—40 cycles
were necessary when the reacting periods were 1 min. Thus,
the activation state was clearly reached in a lower number of
redox cycles when the redox periods were 30 min than when
the redox periods were 1 min. This fact was because the
reduction conversion reached in each cycle was higher as the
reducing period was longer. The reduction conversion for 30
min was higher than 90%, but the conversion for 1 min was
in the range of 10—50%. Leion et al.?® also observed the
activation of ilmenite during about 20 cycles before stabiliz-
ing, when the conversion reached in each cycle was around
50%. Therefore, the reduction conversion reached in each
cycle has an important effect on the number of cycles needed
to activate the ilmenite: the higher the reduction conversion,
the less number of cycles are needed to activate ilmenite.
Nevertheless, the total time used during reducing periods for
activation of fresh ilmenite was 40 min for reducing periods
of 1 min and 120 min for reducing periods of 30 min.

The activation period shown for the different reducing
gases can also be explained for the diverse conversion
reached in every redox cycle. The reactivity initially followed
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the order H, > CO > CHy (see Figure 5). Therefore, the
conversion reached during the reduction period, 1 min in all
cases, followed the same order, which explains that the
number of redox cycles necessary for the ilmenite activation
was in the reverse order CHy; > CO > H,.

The activation process has a beneficial and strong influ-
ence on the reactivity in both the oxidation and reduction
reactions. To accelerate the activation process, calcined
ilmenite should be preferred to fresh ilmenite. The activation
of ilmenite particles is a process that can happen in the CLC
system itself. Thus, the activation process should be consid-
ered during the startup period. At steady state, most of the
particles in the CLC system should be activated ilmenite.
Only a small fraction could be non-activated particles,
corresponding to the makeup flow to maintain the solids
holdup in the FR. Thus, the feeding of non-activated parti-
cles in the CLC system should not have a big effect on the
CLC performance. In this case, the activation rate will
depend upon the operating conditions, e.g., the residence
time in the FR that affect the extension of reduction.

Nevertheless, in view of the relatively fast activation
process, it could be advantageous for starting the operation
to activate ilmenite particles previously to introduce them to
the CLC system. Moreover, it can be beneficial for the
economy of the process to carry out the activation in multiple
short cycles instead of a few long cycles because a lower time
is spent.

Structural Changes during Activation. To explain the
activation observed by ilmenite during the calcination and
redox cycles, a morphological characterization of each sam-
ple was performed by SEM. Figure 8§ shows SEM micro-
photographs that confirm the lack of pores in fresh ilmenite
and a slight gain in porosity after calcination. Throughout
the reduction—oxidation cycles, there is a continuous ap-
pearance of macropores or cracks, which generate a rise in
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Figure 9. SEM micrograph of a particle and image of a cross-section
of a particle of activated ilmenite.

porosity up to values of 35% for completely activated
ilmenite. In Figure 8, a quite sharp-edged surface in fresh
ilmenite can be observed and the active-phase surface begins
to conform to a granular shape after calcination. The
granulation is enhanced during redox cycles, as observed
for activated ilmenite. This appearance of grains leads to a
higher reaction surface, and likely this fact would be the
reason for the reactivity increase with the cycle number.
Similar results are found in the literature when natural
minerals based on iron are used as OCs. Mattisson et al.>’
found the reactivity of an iron ore increased with redox
cycles, likely because of the development of cracks and
fissures in the particle. According to the work by Leion
et al.,”® the porosity development is also important for
ilmenite with redox cycles.

Figure 9 shows the SEM image of a particle activated after
repeated redox cycles. An external shell slightly separated
from the rest of the particle was observed. The space between
the shell and the core also enhances the porosity measured
for the particle. This shell is gradually generated and grows
with the number of cycles. EDX analyses were performed to
determine Fe and Ti distributions throughout the particles
(see Figure 10). In fresh and calcined ilmenite, distributions
of both elements were uniform, which agrees with the XRD
analysis that reveals Fe,TiOs as the main component. For
activated ilmenite, the particle core is titanium-enriched,
whereas the external part is iron-enriched. XRD analyses
to the external part found that this region is composed only
by iron oxide, whereas XRD to the internal core revealed the
existence of TiO, and Fe,TiOs. Thus, the external shell
formed during the activation period was Fe-enriched, likely
because of a migration phenomenon of iron oxide toward the
external part of the particle, where there is not TiO, to form
iron titanates. The segregation of Fe,O5 from the titanium-
rich phase also has been reported in the literature because of
the migration of Fe’" or Fe*>" ions through the solid lattice
toward the grain boundary during the oxidation step.*®*

Oxygen Transport Capacity, R, jm,. In addition to the OC
reactivity, the oxygen transport capacity is a fundamental
property of the OC because it determines the recirculation
rate and solids inventory in the system and, thus, the suit-
ability of ilmenite as an OC in CLC. The oxygen transport
capacity of ilmenite can be obtained from eq 8 as the mass
fraction of oxygen that can be used in the oxygen transfer.
For CLC application, the oxygen transport capacity was
defined as the oxygen that the OC can supply to reach full
conversion to CO, and H,O at thermodynamic equilibrium.
Initially, eq 8 was used to obtain a value of R, = 4.8%, which
was used to calculate the normalized conversions, Xn and Xno.

(37) Mattisson, T.; Lyngfelt, A.; Cho, P. Fuel 2001, 80, 1953-1962.
(38) Rao, D. B.; Rigaud, M. Oxid. Met. 1975, 9, 99—-116.
(39) Nell, J. Heavy Miner. 1999, 137-145.
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Figure 10. EDX line profiles of Fe and Ti in (a) calcined and (b)
activated ilmenite particles.

This value corresponded to the oxygen transport observed
during TGA experiments using 15% H, + 20% H,0, 15%
CO + 20% CO,, or 15% CHy4 + 20% H,O in the reacting
gases (see Figure 2). At these conditions, Fe,TiOs reduces to
FeTiO; and Fe,TiO,? and free Fe,O; reduces to FeO.'°
However, free Fe,0j3 is only capable to fully convert CO and
H, into CO, and H,O when it is reduced to Fe;O,4. Further
reduction to FeO prevents full conversion of CO and H,
toward CO, and H,O because of thermodynamic limita-
tions.'® Thus, the oxygen transport capacity for ilmenite,
R, iim, must be obtained considering that in the reduced state
Fe is present as FeTiO; or Fe;O,4. Therefore, R, jim depends
upon the relative abundance of free Fe,O5 and iron titanates,
which varies with the number of redox cycles.

To evaluate the fraction of Fe as Fe,TiOs or Fe,Os as a
function of the number of redox cycles, different samples of
calcined ilmenite were exposed at 10, 20, 30, 40, 50, 70, 85,
and 100 redox cycles with 15 vol % H,, CO, or CHy as fuel
gas during the reduction period. The oxidation and reduc-
tion periods were 1 min. Particles subjected to different
numbers of redox cycles had different activation degrees,
and they were analyzed by XRD. Semi-quantitative percen-
tages of Fe,O3 and Fe,TiOs in each sample were obtained
through normalization by means of a ratio between the
intensity peaks of the main species and a substance of
reference. Figure 11 shows the mass fraction of Fe,TiOs
and Fe,O; in the ilmenite particles as a function of the
number of cycles when H, was used as a reducing gas.

As the number of cycles increases, the fraction of free
Fe,03 rises at the expense of Fe,TiOs. With these percen-
tages, the R, jm can be calculated, according to the formula

Ro, ilm (9)

R, Fe,0, is the oxygen transport capacity of Fe,O; when
converted to Fe3;Oy4 (R Fe,0, = 3.3%), and R, ke,Tio, 18 the
oxygen transport capacity of Fe,TiOs when converted to
FeTiO3 (R Fe,Tio, = 6.7%). XEe,0, and Xge,Tio, are the mass
fractions of Fe,O3 and Fe,TiOs, respectively.

Figure 12a shows the evolution with the number of redox
cycles of the oxygen transport capacity obtained from eq 9,
R, iim, for the different gases used. These values were con-
firmed by reduction of the different activated ilmenite sam-
ples in TGA using a H,O/H, ratio of 50. At this ratio, it is
ensured that free Fe,O5 is unable to become reduced further
than Fe;Oy4, while Fe,TiOs5 is reduced to FeTiO5; + Fe,TiOy.
The mass variation thus obtained gave similar values of

- RO, Fesz;xFCgOg + RO, FCQTiO5xFezTiO5
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Figure 11. Mass fraction of Fe;O3 and Fe,TiOs in ilmenite after 10,
20, 30, 40, 50, 70, 85, and 100 redox cycles. Oxidation and reduction
periods were 1 min. Reducing gas = 15% H; + 20% H>O. Nitrogen
to balance. 7= 1173 K.

R, iim than those obtained using eq 9. The initial R, ji, value
for calcined ilmenite was 4 wt %. However, the fraction of
free Fe,O5 increases with the number of cycles. As a con-
sequence, the oxygen transport capacity decreases because
free Fe,O3 reduction to Fe;Oy4 transfers less oxygen than
reduction to Fe®*. This decrease of R, iim 1s starker for the
first cycles, and after the activation period, it decreases slight
and continuously. The differences observed among the gases
used were because of the different ilmenite conversion
reached during the redox cycles, which affect the activation
process, as previously stated. After 100 redox cycles, R, jim
has a value of 2.1 wt %, but still a stable value was not
reached.

Evaluation of the Feasibility of Ilmenite as an Oxygen
Carrier. The use of a specific OC has important implications
for a CLC system.*” The reduction and oxidation reactivity
of solids determines the solids inventory in the FR and AR,
respectively, to reach full conversion of fuel gas. Moreover,
the oxygen transport capacity is a fundamental property of
the OC because it determines the recirculation rate and solids
inventory in the system.

To facilitate a comparison of reactivity between different
OCs, a rate index is often used as a normalized rate at a fuel
gas concentration of 15%.%° The rate index, expressed in %/
min, is calculated as

dw

rate index = 100-60-

norm

dx;
— 10060 Ro itm | ——
0’1 (d1>norm

The mass-based conversion, w, was defined as

(10)

m
- = 1+Ro,i1m(Xo_1) =1

no

w = _Ro,iler (11)

Ilmenite conversion X; of the oxidation or reduction reaction
was obtained using eqs 6 and 7 and considering that free
Fe,03 and Fe,TiOs in ilmenite are reduced to Fe;O4 and
FeTiOj3, respectively. Now the actual oxygen transport

(40) Abad, A.; Adanez, J.; Garcia-Labiano, F.; de Diego, L. F.;
Gayan, P.; Celaya, J. Chem. Eng. Sci. 2007, 62, 533-549.
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Figure 12. Variation of (a) the oxygen transport capacity, (b) the
normalized reactivity, and (c) the rate index with the number of
redox cycles. Oxidation and reduction periods were 1 min. Reacting
gases = 15% H,, 15% CO, 15% CHy, and 10% O,. Nitrogen to
balance. 7= 1173 K.

capacity, R, iim, 1s used instead of the initial value R,. The
normalized reactivity is calculated as

dX; dX;
(&) ~rres(a)
where p.or is the reference partial pressure of the fuel gas,
here, equal to 0.15 atm, and prga is the partial pressure of the
fuel gas used in the TGA experiments. For the reduction
reaction, the fuel gas concentration used in the TGA experi-
ments was 15% in all cases (CHy4, CO, and H,). However, for
the oxidation reaction, air was used as a reacting gas. In this
case, prga = 0.21 atm and p,r = 0.10 atm. The reactivity,
dX;/dz, is defined here as the variation of conversion with
time at zero conversion. For the reduction cases, this value is
maintained roughly constant until conversion values as high
as 60—80% (see Figures 3—6).

Figure 12b shows the variation of the reactivity of ilmenite

with the number of cycles. During the activation period,
which was previously determined to be 9 cycles with H,,

_ Dref
PTGA

(12)
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20 cycles with CO, and 30 cycles with CHy, there is a
considerable increase in the reaction rate. The slower reac-
tion rate increase observed after this period was due to a
concomitant effect of the variation of the oxygen transport
capacity, R, im, on the conversion values. As previously
shown, the oxygen transport capacity decreased with the
cycle number. Therefore, the effect of ilmenite activation on
the performance of a CLC system has a trade-off between the
increase in reactivity and the decrease in oxygen transport
capacity.

Figure 12c shows the rate index for every reacting gas as a
function of the number of cycles. In this case, the reactivity is
expressed as the rate of transference of oxygen by means of
a mass fraction with respect to the ilmenite mass. It is
observed that the rate index increased during the activation
period and eventually reached a maximum and stable value
that was kept constant during the cycles. This fact was
expected from the normalized conversion curves shown in
Figure 7, where the normalized conversion was calculated
using a constant value of R, = 4.8 wt %.

The maximum value of the rate index was around
5.1%/min for Hy, 1.6%/min for CO, 3.1%/min for CHy,
and 8.1%/min for O,. The rate index obtained for CHy is
comparable to the rate index of 4.3%/min obtained from
TGA experiments for a synthetic Fe,03/ALO; OC.*° A
lower value of 2.8%/min was obtained by Johansson*' for
the same OC from FB experiments. This lower value could be
due to gas-transfer limitations between bubble and emulsion
phases that affect the reactivity obtained in the FB. Also from
FB experiments, Johansson®®*' showed that the rate index for
several synthetic iron-based carriers was in the range of
0.5—4% /min for CH4 combustion, which is in line with the
rate index shown for activated ilmenite. This fact agrees with
the results shown by Leion et al.,”® where it was concluded that
ilmenite reacts just as well as a synthetic Fe,O3/MgAl,04 OC.
However, higher reactivities were found for the Fe,O3/Al1,03
OC with H,, CO, and O, from TGA experiments.16 The
calculated rate index from results shown by Abad et al.'®*
were 9% /min for 15 vol % CO, 21% /min for 15 vol % H,, and
14% /min for 10% O,, which are considerably higher than the
rate index shown by activated ilmenite. Nevertheless, it is
necessary to remark that ilmenite is a natural mineral and a
considerably cheaper material than a synthetic material.

Applications to Design. The important parameters in the
design of a CLC system are the recirculation rate of particles
and the solids inventory. These parameters will be deter-
mined in this section for the use of ilmenite as an OC
following the methodology shown by Abad et al.*® The
CLC concept is based on the CFB configuration, and the
circulation rate depends upon the operating conditions and
configuration of the riser. Abad et al.** took a circulation
rate value of ripc = 16 kg s MWy, ! as the maximum
circulation rate feasible in a CLC plant without increased
costs according to commercial experience on CFB systems.
Thus, in a real CLC system, the solids circulation may be
fixed by the primary design of the AR, which acts as a riser to
transport the solids to the FR. The recirculation rate between
the AR and FR must be high enough to transport oxygen
necessary for the fuel combustion, and it determines the solid

(41) Johansson, M. Screening of oxygen-carrier particles based on
iron, manganese, copper and nickel oxides for use in chemical-looping
technologies. Ph.D. Dissertation, Department of Chemical and Biolo-
gical Engineering, Environmental Inorganic Chemistry, Chalmers Uni-
versity of Technology, Goteborg, Sweden, 2007.
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Figure 13. Calculated solid conversion variation (a) between AR
and FR and solid inventories, mgoc, in the (b) FR and (c) AR for
ilmenite reacted during several redox cycles. 7' = 1173 K. nigc =
16kgs ' MWy, ™! X, = 0.5 — AX/2.

conversion variation in the reactors. For combustion of
gaseous fuels, e.g., CHy or syngas, the solid conversion
variation in the reactors is calculated from a mass balance
as a function of the solids circulation rate per MWy, of fuel,
I’}”loc, as

2dM, 1

A =—————
Ro’ nmAnghoc

(13)

The solid conversion variation, AX, increases as the oxygen
transport capacity, R, jm. decreases, as seen in Figure 13a.
Using the value rmoc =16 kg sT' MWy, !, the solid conver-
sion variation changes from AX = 0.09—0.12 when R jjm =
4.0% to AX; = 0.14—0.23 for the R, j, corresponding to
particles after 100 redox cycles, depending upon the fuel gas.
For syngas combustion, the AX value should be between
those values for H, and CO and will depend upon the syngas
composition.

For combustion of solid fuels, e.g., coal, the solid conver-
sion variation, AX, depends upon the solids circulation rate
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and the solid fuel type. In a similar way to eq 13, AX can be
calculated as

103mo 1

AXj =
R, imLHVmoc

(14)

with mg being the mass of oxygen required per kilogram of
solid fuel to fully convert the solid fuel to CO, and H,O and
LHYV being the lower heating value of the solid fuel. It is
necessary to point out that mg is the oxygen required for coal
combustion, although the main reaction of coal particles in
the FR is steam coal gasification. This is because the sum of
reactions taking place in the FR, i.e., reactions 1—4, is the
coal combustion. The steam fed into the FR does not supply
oxygen for the coal combustion and only acts as a gasifica-
tion agent.

In this work, a typical composition for coal of 70%
carbon, 5% hydrogen, and 10% oxygen has been assumed,
corresponding to a value of mg = 2.2 kg of O/kg of coal. The
LHV was assumed to be 25000 kJ/kg, and the solids
circulation rate per MWy, of fuel equal to the value for
gaseous fuels, i.e., oc =16 kg s 'MW, !. The conversion
variation, AX, thus obtained is shown in Figure 13a. In this
case, it was assumed that the activation process follows the
behavior shown by the reduction using H,. It can be seen that
the AX values are somewhat higher than the values obtained
for gaseous fuels because the oxygen demand for coal is
higher than this for CHy4, H,, and CO per MWy, of fuel,
which are 0.087, 0.08, 0.066, and 0.057 kg of oxygen per MJ
for coal, CHy, H,, and CO, respectively. Moreover, AX also
increases as the number of cycles increases because of the
decrease of oxygen transport capacity. The low values
obtained for AX indicate that ilmenite has enough oxygen
transport capacity to be used as an OC in a CLC system, for
gaseous and solid fuels.

The reactivity data obtained can be used to design the FR
and AR in a CLC system, i.e., to obtain the solids inventory
necessary to fully convert the gas fuel. In a CLC process, it is
desirable to minimize the amount of bed material in the
reactors because this will reduce the size and investment cost
of the system and less power will be needed by the fans that
supply the reacting gases to the reactors.

For combustion of gaseous fuels, e.g., CHy4 or syngas, a
simplified model has been used to obtain an initial estimation
of the solids inventory and for comparison purposes among
different OCs.'®* This model considers perfect mixing of
solids, no restriction for the gas—solid contact, and the solid
reaction following the shrinking core model. In this case, the
bed mass in the FR and AR per MWy, of fuel, moc, can be

calculated as'®4
_2dM, 3
moc = 770 AH(? R %
0,ilm dr "
2dM 3
= AD ; (15)
o 4@
dr

av

The average reactivities, (dX;/d?),, and (dw/d?),,, are ob-
tained at the average gas concentration in the reactor. In line
with other works,*®**!" an average gas concentration of 15%
for fuel gas and 10% for oxygen is considered. Thus, the
average reactivity corresponds to the normalized values
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previously shown. The parameter ® was defined as the
characteristic reactivity of the particles in the reactor.*’ This
parameter involves the effect of both the residence time
distribution of the particles in the reactor and the fact that
particles entering the reactor could have been not fully
oxidized in the AR. Thus, the higher the average residence
time or the lower the oxidation conversion in the AR, the
lower the average reactivity in the reactor. With the assump-
tion of perfect mixing of solid particles in the FR and AR, the
parameter @ can be expressed as a function of the solid
conversion at the inlet of the reactor, X;;,, and the conver-
sion variation in the reactor, AX
’)
1 _Xi, inl/3

I_X[ in1/3 ( )q)
2 exp AY

6AX> (1 =X, ?)
+ q)2 1 —eXp (T(I)

1—Xx: . 1/3
® =3[1-X;,.%exp <%

6AX
@

(16)

For the shrinking-core model in spherical grains, the value of
characteristic reactivity, @, is limited between 3 and 0. The
minimum solids inventory in every reactor is obtained con-
sidering that ® =3, which is the case for X;;, =0 and AX ~ 0.
This condition could be reached when there were no limita-
tions for solids circulation between FR and AR. However, as
previously discussed, a limitation for rmoc = 16 kg s~
MW, ! can be expected, which gives values of AX in the
range of 0.10—0.25 (see Figure 13a). The characteristic
reactivity, @, decreases as AX increases and the resulting
solids inventory increases. This parameter can be obtained
from eq 16 by an iterative calculation or more easily being
estimated from Figure 7 in the work performed by Abad
et al.®

From results obtained in previous works, the mini-
mum solids inventory in a CLC system, considering the sum
of solids in both AR and FR, is obtained for an intermediate
situation between the full OC reduction in the FR and the full
OC oxidation in the AR. To minimize the solids inventory,
the inlet conversion to each reactor was found to be around
the value X;;, = 0.5 — AX| /24042744 Eor comparison pur-
poses, the value for X;;, corresponding to every value of AX
was used to obtain the solids inventory. Figure 13b shows the
evolution of the solids inventory obtained from eq 15 with
the number of cycles for H,, CO, and CHy. It can be seen that
the solids inventory decreases initially because the ilmenite
reactivity increases during the activation process. After this
period, the solids inventory slightly increases as R, j, de-
creases with the number of cycles. Indeed, the lower oxygen
available in ilmenite as the number of cycle increases is the
reason for both the increase in AX and the solids inventory
when the rate of oxygen transference, i.e., dw/d¢, is constant,
as is the case. The solids inventory thus obtained is about 85
kg/MWy, for H,, 225 kg/MWy, for CO, and 175 kg/MWy,
for CHy4, after ilmenite activation. For a highly reactive

40,42—44

(42) Zafar, Q.; Abad, A.; Mattisson, T.; Gevert, B. Energy Fuels 2007,
21,610-618.

(43) Zafar, Q.; Abad, A.; Mattisson, T.; Gevert, B.; Strand, M. Chem.
Eng. Sci. 2007, 62, 6556-6567.

(44) Garcia-Labiano, F.; de Diego, L. F.; Addnez, J.; Abad, A.;
Gayan, P. Ind. Eng. Chem. Res. 2004, 43, 8168-8177.
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synthethic Fe-based OC, a similar solids inventory was
obtained for CH4,* whereas for H, and CO, the solids
inventory is lower than that for activated ilmenite, i.e., about
20 kg/MW,, for H, and 40 kg/MW,, for CO,"'**° with all of
them referred to an average gas concentration of 15%.
Nevertheless, the solids inventory needed for ilmenite takes
acceptable values and is in the same range as the values
observed for synthetic OCs with proven suitability in a CLC
process.*

For syngas, which is a gas mixture mainly composed of H,,
CO, H>0, and CO,, the reactivity and the solids inventory
have been found to be close to those shown for only H,, with
the H, concentration the sum of both H, and CO concentra-
tions.'®* This fact can be due to the synergic effect of the
water—gas shift reaction that produces more H, from the less
reactive CO.%%%!

For solid fuels, the solids inventory can be calculated by
analogy to eq 15 respecting eq 13 for gaseous fuels. Con-
sidering the oxygen demanded by the fuel calculated by eq
14, the solids inventory for solid fuels was obtained as

_10°m, 3
MO T IRV (ax,
0,ilm dr "
10%m, 3
— 17
TV ” (17)
)] —
dt

av

The reactivity parameters in this equation, i.e., (dX;/d?),, or
(|dw/dt|).y, should be evaluated at an average gas concentra-
tion in the reactor. The main gases reacting with the OC
during operation with solid fuel are H, and CO proceeding
from the char gasification and gases proceeding from the
coal devolatilization that can be initially assumed to be CHy.
However, other important issues for volatile compounds are
the rate of mixing between the OC and coal particles and the
injection point of coal inside the reactor,’>*' with it being
difficult at this stage to assign an average concentration for
volatile compounds. For comparison purposes, an initial
estimation of the solids inventory was calculated only con-
sidering H, and CO proceeding from coal gasification. The
average concentration of H, and CO in the reactor will
depend upon the dynamics of the reactions in the FR. It is
likely that the concentration of these gases stabilizes at a
value at which the generation rate from coal gasification is
equal to the disappearance rate by the reaction with the
OC. These concentration values can be as low as 2%, as
found during CLC continuous operation using ilmenite as an
0C3%3! because the gasification reaction would be the limit-
ing step in the process. Moreover, the H, and CO concentra-
tions would be roughly constant in the whole reactor.
Considering that the reactivity of a mixture of H, and CO
is similar to the reactivity for H,,'®* as stated above, the
average reactivity was calculated for H,. The H, concentra-
tion was considered to be 5%, as the sum of H, and CO
concentrations, and the average reactivity was calculated
from eq 12 with p.or = 0.05 atm H,.

Figure 13b shows the solids inventory thus obtained from
eq 17. Similar to gaseous fuels, the initial solids inventory
value is high because the reduction rate is rather low and
ilmenite is not yet activated. The minimum solids inventory
is obtained after the activation period, when the oxygen

1412

Adanez et al.

transport capacity, R, im, still has high values. The solids
inventory increases with the number of cycles because of the
decrease in R, jj,. The solids inventory after ilmenite activa-
tion takes an average value of about 350 kg/MW,.

The solids inventory in the AR can be obtained from eqs
15 and 17 for gaseous and solids fuels, respectively.*’ In this
case, the average reactivity, i.e., (dX;/d7),, or (Jdw/d?])ay,
should be that corresponding to the oxidation reaction.
Because the oxygen demanded by each fuel (CHy, H,, CO,
or coal) is different per MWy, of fuel, the solids inventory per
MW, in the AR is also different for every fuel gas, even if the
oxidation reactivity is the same in all cases. Therefore, a
solids inventory in the AR can be calculated for each fuel gas,
as shown in Figure 13c. Lower values of the solids inventory
are found for the AR than for the FR because of the higher
ilmenite reactivity for the oxidation reaction with respect to
the reduction reactions.

It must be remarked that all of these values for solids
inventory correspond to conditions where the resistance to
the gas exchange between the bubble and emulsion phases
are considered negligible. In real systems, if the resistance to
the gas exchange between the bubble and emulsion phases is
important, higher solids inventories would be necessary.
Nevertheless, these values can be used for comparison
purposes between different OCs and to give an easy and fast
evaluation of the solids inventory in a CLC system. A FB
model must be used to give a more accurate evaluation of the
solids inventory needed in the FR.*

In any case, from results shown in this work, it can be
concluded that ilmenite presents a competitive performance
for its use in CLC against synthetic OCs when it is taken into
account for the oxygen transport capacity, the moderated
solids inventory, and the low cost of the material. This last
issue can be determinant for the selection of an OC for solid
fuels combustion in a CLC system.

Conclusions

The activation process of ilmenite through consecutive
redox cycles has been analyzed. Ilmenite increases its reactiv-
ity with the number of cycles. For reducing and oxidizing
periods of 30 min, it can be considered that from cycle 4 the
reaction rate has already become maximum and stable, reach-
ing complete conversion in every cycle. For reducing periods
of 1 min, the activation takes about 9 cycles with H,, 20 cycles
with CO, and 30 cycles with CHy. The different activation
behavior with different gases was attributed to the different
reduction degree reached for each fuel gas in every cycle. A
previous calcination of ilmenite has a positive effect on the
activation process. After activation, the reactivity for H, and
CO rises around 5 times, while for CHy, this increase is about
15 times. Reduction and oxidation rates of activated ilmenite
are relatively high, with a conversion of 80% in less than
5 min. The reaction with Hj is faster than with CO and CHy.

Structural changes on the ilmenite particles after calcina-
tion and activation have been observed. The surface texture
changes from a quite sharp-edged surface in fresh ilmenite to a
granular shape in calcined samples. The granular shape was
enhanced during the activation process. The porosity slightly
increases during calcination. After activation, the porosity of
particles increases up to values of 35%. The appearance of

(45) Abad, A.; Addnez, J.; Garcia-Labiano, F.; de Diego, L. F.; Gaydn,
P. Combust. Flame 2009, doi: 10.1016/j.combustflame.2009.10.010.
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cracks and an external shell in the particle, which is Fe-
enriched, was observed. All of them can explain the increase
of ilmenite reactivity with the redox cycles.

As activation proceeds, the reactivity increases but the
oxygen transport capacity of ilmenite, R, jm, decreases be-
cause of the appearance of free Fe,O5 in the external shell.
Thus, the initial R, jim value is 4%, and it decreases until 2.1%
after 100 redox cycles with hydrogen as fuel gas.

In comparison to other OCs and, in particular, to iron-
based carriers, the R, j, and reactivity values shown for
calcined and activated ilmenite have high enough values to
transfer the required oxygen from air to fuel in a CLC system
and to obtain acceptable values of minimum solids inventories
in the system and good performance of ilmenite for a CLC
purpose with solid fuels. A simplified method for the estima-
tion of solids inventory in the AR and FR was proposed for
solid fuels. The solids inventory in the FR thus obtained
depended upon the activation progress, decreasing from
1600 to 350 kg/MW,, for coal during the activation period.
These values can be used for comparison purposes among OCs.
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Nomenclature

d = stoichiometric factor in the fuel combustion reaction
with oxygen (mol of O,/mol of fuel)

AH? = standard combustion heat of the gas fuel (kJ mol ™)

m = instantaneous mass of the OC (kg)

m, = mass of fully oxidized OC (kg)

m, = mass of fully reduced OC at the reacting condition
(kg)

mgo = mass of oxygen required per kilogram of solid fuel to
fully convert the solid fuel (kg of oxygen/kg of coal)

moc = solids inventory (kg/MWy,)
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1

mMoc solids circulation rate per MWy, of fuel (kg s~
MW, )

Mo = molecular weight of oxygen (16 g mol™ ")

Prer = reference partial pressure of the fuel gas (atm)

prca = partial pressure of the fuel gas used in the TGA
experiments (atm)

R, = oxygen transport capacity for the normalized case

R, iim = actual oxygen transport capacity of ilmenite

R, Fe,0, = OXygen transport capacity of Fe,O3

R, Ee,io, = Oxygen transport capacity of Fe,TiOs

t = time (s)

T = temperature (K)

Xpe,0, = mass fraction of Fe;O3

Xpe,Tio, = mass fraction of Fe,TiOs

X; = ilmenite conversion for the reaction i

X;in = solid conversion at the inlet of the reactor

Xn.; = normalized conversion for the reaction i

AX = variation of the solids conversion

Greek Symbols

1. = combustion efficiency
o = mass-based conversion
@ = characteristic reactivity in the reactor

Acronyms

AR = air reactor

CLC = chemical-looping combustion

FB = fluidized bed

FR = fuel reactor

LHV = lower heating value of the solid fuel (kJ/kg)
OC = oxygen carrier

Subscripts

av = average condition

i = oxidation (o) or reduction (r) reaction
ilm = ilmenite

norm = normalized gas concentration
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The objective of this study was to establish the kinetic of both reduction and oxidation reactions taking
place in the chemical-looping combustion (CLC) process using ilmenite as an oxygen carrier. Because of
the benefits of using of pre-oxidized ilmenite and the activation of the ilmenite during the redox cycles,
the reactivity of both the pre-oxidized and activated ilmenite was analyzed. The experimental tests were
carried out in a thermogravimetric analyzer (TGA), using H,, CO or CH,4 as reducing gases, and O, for the
oxidation step. Thus, the reactivity with the main reacting gases was analyzed when natural gas, syngas or

KeyWOTdS_-' coal are used as fuels in a CLC system. The changing grain size model (CGSM) was used to predict the
Combustion evolution with time of the solid conversion and to determine the kinetic parameters. In most cases, the
IEE:lrgy reaction was controlled by chemical reaction in the grain boundary. In addition, to predict the behaviour
Kinetics of the oxidation during the first redox cycle of pre-oxidized ilmenite, a mixed resistance between
Chemical-looping combustion chemical reaction and diffusion in the solid product was needed. The kinetic parameters of both reduction
[Imenite and oxidation reactions of the pre-oxidized and activated ilmenite were established. The reaction order

for the main part of the reduction reactions of pre-oxidized and activated ilmenite with H,, CO, CH4 and O,
was n=1, being different (n=0.8) for the reaction of activated ilmenite with CO. Activation energies from
109 to 165 k] mol~! for pre-oxidized ilmenite and from 65 to 135 k] mol~' for activated ilmenite were
found for the different reactions with H,, CO and CH,4. For the oxidation reaction activation energies found
were lower, 11 k] mol~! for pre-oxidized and 25 k] mol~! for activated ilmenite.

Finally, simplified models of the fuel and air reactors were used to do an assessment of the use of
ilmenite as an oxygen carrier in a CLC system. The reactor models use the reaction model in the particle
and the kinetic parameters obtained in this work. Taking into account for its oxygen transport capacity,
the moderated solids inventory and the low cost of the material, ilmenite presents a competitive
performance against synthetic oxygen carriers when coal or syngas are used as fuel.

© 2010 Elsevier Ltd. All rights reserved.

1. Introduction where Me,O, denotes a metal oxide and MexO, _; its reduced

compound. The oxygen carrier reduced in the fuel reactor,

Chemical-looping combustion (CLC) is one of the most promis-
ing technologies to carry out CO, capture at a low cost (Ekstrém
et al., 2009; IPCC, 2005; Kerr, 2005). CLC is based on the transfer of
the oxygen from air to the fuel by means of a solid oxygen carrier. In
the most common configuration, the oxygen carrier circulates
between two interconnected fluidized beds - the fuel reactor and
the air reactor - avoiding direct contact between fuel and air. Fig. 1
shows a general scheme of this process. In the fuel reactor the
oxygen carrier is reduced through oxidation of the fuel. If the
composition of the fuel gas is expressed as C,H,,0,, the reduction
reaction is

(2p+q/2 —rMe 0, +CH 0, — (2p+q/2 —r)Me,Oy, _ 1 +pCO,+q/2H,0 (1)

* Corresponding author. Tel.: +34 976 733977, fax: +34 976 733318.
E-mail address: abad@icb.csic.es (A. Abad).

0009-2509/$ - see front matter © 2010 Elsevier Ltd. All rights reserved.
doi:10.1016/j.ces.2010.11.010

MeO, 1, is transferred to the air reactor where reaction (2) with
oxygen from air takes place. Thus the oxygen carrier is regenerated
to start a new cycle

2Me,0,_;+0,—>2Me,0, (2)

In a CLC system, the stream of combustion gases from the fuel
reactor contains primarily CO, and H,0. Water can be easily
separated by condensation and a highly concentrated stream of
CO, ready for sequestration is achieved. Thus, the CO, capture is
inherent to this process, as the air does not get mixed with the fuel,
and virtually a 100% of CO, capture can be reached in a CLC system
without additional costs or energy penalties for gas separation.
Moreover, the net chemical reaction is the same as at usual
combustion with the same combustion enthalpy.

The fuel can be a gaseous, liquid or solid compound. On the one
hand, natural gas and syngas have been widely proven as gaseous
fuels (Lyngfelt, 2010). On the other hand, the in-situ gasification of
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Fig. 1. General scheme of a chemical-looping combustion system.

solid fuels is a relevant option to process them in a CLC system
(Leion et al., 2008a). Pyrolysis and gasification of the solid fuel take
place in the fuel reactor, and the oxygen carrier, Me,0,, reacts with
the gaseous products, where H;, CO and volatile matter are the
main components. Against the use of syngas from coal gasification
as fuel gas in a CLC system, the direct use of coal in the CLC process
has the benefit of avoiding the need of a gasifier and oxygen for coal
gasification.

To design a CLC system it is necessary to define the reducing
agents of the oxygen carrier. For gaseous fuels, the main reacting
gases in the fuel reactor are CH,4, CO and H,. When solid fuels are
used, the direct reduction of the solid material with carbon also is
possible (Siriwardane et al., 2009). However, in a CLC system the
reduction by volatiles and the gasification gases, i.e. H, and CO,
should have a higher relevance, and the effect of reduction by
carbon should be negligible at temperatures lower than 1300 K
(Dey et al., 1993; Donskoi et al., 2003; Sohn and Fruehan, 2005).

1.1. The oxygen carrier

Most of the oxygen carriers proposed in the literature are
synthetic materials. In general, the oxygen carrier is based on a
transition state metal oxide, e.g. CuO, NiO, CoO, Fe;03 or Mn30y,
which is supported on different inert materials, as Al;03, SiO5, TiO,
or ZrO,. A selection of oxygen carrier materials for natural gas and
syngas combustion has been summarized by Hossain and de Lasa
(2008) and Lyngfelt et al. (2008). In addition, there is an increasing
interest for the application of CLC regarding the intensive use of
coal for energy generation. Since the ashes are present in the solid
fuel the draining of ashes from the system is necessary so as to
avoid their accumulation in the reactors, a partial loss of the oxygen
carrier together with the coal ashes being predictable. Although
synthetic materials — mainly based on Fe, Cu and Ni - have been
proposed as oxygen carriers in CLC for solid fuels, e.g. coal,
petroleum coke, biomass or solid wastes (Cao et al., 2006;
Chuang et al., 2008; Leion et al., 2007; Scott et al., 2006; Shen
et al., 2009; Siriwardane et al., 2009; Yang et al., 2007), low cost of
the carrier is rather desirable for its use. The use of natural minerals
or industrial waste products for this option seems to be very
promising (Leion et al., 2009a). These authors analyzed the
behaviour of several iron ores, and Fe and Mn industrial products
during repeated redox cycles at fluidizing conditions. They con-
cluded ilmenite - a natural mineral mainly composed of FeTiOs3 -
meet all criteria to be considered as an oxygen carrier for CLC with
solid fuels.

Comparing the performance of several natural iron ores and
industrial products, ilmenite was ranged among the materials
which showed higher reactivity (Leion et al., 20093, 2009b). The gas
conversion showed by ilmenite was even similar to the one
manufactured Fe,03/MgAl,0, selected from previous works
because of their good performance for CLC applications (Leion

et al., 2008a). In addition, the use of ilmenite as an oxygen carrier
has shown to have high conversion for syngas applications, where
CO and H, are the main components. However, moderate conver-
sion of CH,4 for the use of natural gas as fuel was obtained (Leion
et al., 2008b). Ilmenite showed high stability in its reactivity after
repeated redox cycles. Additionally, ilmenite showed good
mechanical stability and good fluidizing properties (Leion et al.,
2009a). Defluidization occurred only when the ilmenite particles
were in a highly reduced state (Leion et al., 2008b), which is not
expected at CLC operation. It should be mentioned that the same
ilmenite particles have been used in a 10-kW CLC unit for long
periods without difficulties of defluidization (Berguerand and
Lyngfelt, 2008a, 2008b).

The effect of successive redox cycles on the ilmenite perfor-
mance was analyzed in a previous work (Adanez et al., 2010).
[Imenite’s reactivity has found to be increasing with the cycle
number during first 5-20 cycles, so-called the activation period,
and after this period its reactivity was maintained roughly con-
stant. The number of cycles of the activation period depended on
the reduction conversion reached in every cycle and the reducing
gas used. The activation of ilmenite particles is a relatively fast
process. Thus, the activation of ilmenite can be done in the CLC
system itself, being not necessary the previous activation of
ilmenite. Moreover, the fraction of hematite increased at the
expense of pseudobrookite with the redox cycles. As a conse-
quence, the oxygen transport capacity of ilmenite particles
decreased with the redox cycles. Moreover, the pre-oxidation of
ilmenite particles was considered in order to improve properties,
the initial reaction rates and decrease the time for the activation
period. Thus, a thermal pre-treatment before feeding ilmenite to
the CLC system is appropriate.

1.2. Kinetics of reaction for CLC

A key parameter for the design of a CLC system is the solids
inventory in the fuel and air reactors as well as the recirculation
rate of oxygen carriers between the reactors. Both parameters are
linked and depend on the reactivity of the materials and on the
oxygen transport capacity of the oxygen carrier (Abad et al., 2007a).
The oxygen carrier must have enough reactivity to fully convert the
coal in the fuel reactor, and to be regenerated in the air reactor.
Therefore to design a CLC system it is necessary to determine the
reactivity under different operating conditions of temperature and
gas concentration. It must be considered that the oxygen carrier
will be found in different environments during their stage in the
fluidized bed reactors. In addition, the modelling of the reactor
would be helpful for the design, optimization, and scale-up of the
process, in order to obtain high combustion efficiencies in a CLC
system. To obtain theoretical results which could be validated
against experimental data, the kinetics of reduction and oxidation
of the oxygen carrier must be determined.

The kinetics of reaction for the reduction with the main reducing
gases present in a CLC system, i.e. CH4, CO and H,, and the oxidation
with oxygen have been determined for CuO-, NiO-, Fe;03- and
Mn304-based oxygen carriers, as it was reviewed by Hossain and de
Lasa (2008). The shrinking core model, the changing grain size
model and the nucleation model have been widely used to
determine the kinetic parameters. However, most of these works
give only limited information to apply the kinetics parameters in a
mathematical model for the CLC system, because either the effect of
the gas concentration or temperature has not been analyzed. Only a
limited number of studies have focused on the kinetics of oxygen
carriers considering the variation of gas concentration and reactor
temperature that could happen in a CLC system, i.e. covering a wide
range of gas concentration and temperature representative of the
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appearing in the air and fuel reactors (Abad et al., 2007a, 2007b;
Bohn et al., 2009; Chuang et al., 2009a, 2009b; Garcia-Labiano et al.,
2004, 2006; Ishida et al., 1996; Moghtaderi et al., 2010; Sedor et al.,
2008; Zafar et al.,, 20073, 2007b). Moreover, less are the studies
focused on the kinetics of one certain oxygen carrier with all the
reducing gases when natural gas, syngas or coal are used as fuel,
mainly CHy4, CO and H; (Abad et al., 2007a; Garcia-Labiano et al.,
2004; Moghtaderi et al., 2010). It is necessary to point out that CO
and H, appear during reaction of coal, and can be intermediate
products during the reaction of CH,, being necessary to know the
reaction kinetic with CO and H, even if CH,4 are used as fuel (Abad
et al., 2009).

No works about the reaction kinetics of natural minerals for CLC
uses - such as ilmenite — were found. [lmenite is a natural mineral
mainly composed of FeTiOs, being the principal source for the
production of titanium dioxide, which is widely used in the metal-
lurgy and pigment industries. One process used commonly to obtain
titanium dioxide from ilmenite is the high-temperature (1300-
1500 K) reduction of iron present in ilmenite to produce metallic
iron and titanium dioxide, which subsequently may be separated by
ore-dressing methods. As an alternative, it is possible also to oxidize at
temperatures below 1300 K to produce a mixture of titanium dioxide
and hematite (Itoh et al., 2006). Then, titanium dioxide is recovered by
ore-dressing or aqueous leaching methods. Oxidation of ilmenite to
pseudobrookite (Fe,TiOs) also has been suggested as a pre-treatment
before subsequent reduction because it has been found that reduction
of ilmenite is enhanced by the pre-oxidation of ilmenite (Park and
Ostrovski, 2004; Sun et al., 1993; Zhang and Ostrovski, 2002).

Thus, an intensive work has been done in the past about the
reactivity and kinetic determination of the reduction of ilmenite for
metallurgical applications using H, (Bardi et al., 1987; Grey et al.,
2007; Sun et al., 1992b, 1993; Vries and Grey, 2006; Zhao and
Shadman, 1991), CO (Park and Ostrovski, 2003; Zhao and Shadman,
1990), CH4 (Zhang and Ostrovski, 2001) or carbon (Wang and Yuan,
2006) as reducing agents.

Also the oxidation kinetics of ilmenite has been analyzed in the
past because of its relevance on some processes of beneficiation of
ilmenite to produce rutile (Jablofski and Przepiera, 2001; Rao and
Rigaud, 1975; Sun et al., 1992a, 1993).

However, the application of the experience achieved for metal-
lurgical applications, where high reducing potentials are used,
cannot be directly applied to the reactions involved in the CLC
process by several reasons. Firstly, most of the works done about
the reduction of ilmenite are focused in the reduction of the iron
present in FeTiO3 to metallic iron. However, when ilmenite is used
as an oxygen carrier, FeTiOs is the most reduced compound, while
pseudobrookite (Fe,TiOs) is the oxidized form. Moreover, the
thermal pre-treatment of ilmenite particles has beneficial effects
on its reactivity, thus pre-oxidized ilmenite should be preferred to
freshilmenite as an initial material. Only few works have dealt with
the reduction of pre-oxidized ilmenite particles, i.e. the reduction
of pseudobrookite (Sun et al., 1992b, 1993). In these works, the
kinetic of reaction of pre-oxidized particles was analyzed according
to a two-interface kinetic model, where the overall reduction is
assumed to follow two steps: reaction (I) the reduction of Fe3* in
pseudobrookite to Fe?* in ilmenite; and reaction (II) the reduction
of Fe?* to metallic iron. Thus, the reduction reaction occurring in a
CLC system corresponds to reaction (I).

Secondly, the analysis of the ilmenite reactivity in the past was
limited to the oxidation and reduction of either fresh or pre-oxidized
ilmenite particles, as it is necessary for metallurgical applications. On
the contrary, in a CLC system the solid particles suffer from repeated
reduction and oxidation cycles, which can affect their chemical and
physical properties. Thus, even though the oxidation of ilmenite
particles and the reduction step of pre-oxidized ilmenite have been
analyzed for metallurgical applications, the reaction kinetics for the

oxidation and reduction should be different among unused and
activated ilmenite.

1.3. Objective

The objective of this work was to analyze the reactivity of pre-
oxidized and activated ilmenite particles for CLC applications. The
kinetic parameters of the oxidation with oxygen and the reduction
with the main reducing gases — as much for gaseous fuels as for
solid fuels - existing in a CLC system (CO, H, and CH,4) were
established. As ilmenite increases its reactivity with the cycle
number, the reactivity of pre-oxidized and activated ilmenite was
analyzed. The kinetic parameters obtained will be useful for the
design and optimization of a CLC system using ilmenite as an
oxygen carrier for both gaseous and solids fuels.

2. Experimental section

The effect of the main operating variables (type of fuel, gas
concentration and temperature) on the oxidation and reduction
reaction rates of the selected ilmenite was determined. The
experimental tests were carried out in a thermogravimetric
analyzer (TGA), using CO, H, or CH4 as reducing gases, and O,
for the oxidation step. Thus, it was analyzed the reactivity with the
main products gases from coal gasification in the fuel reactor, i.e.
CO and H; from coal gasification, and CH,4 as a representative gas
from coal devolatilization.

2.1. llmenite

A Norwegian ilmenite was used in this study. The raw material
is a concentrate from a natural ore and it has a purity of 94.3%. This
material is mainly composed of ilmenite (FeTiO5), rutile (TiO,) and
some hematite (Fe,03). SEM-EDX analyses revealed a Fe:Ti molar
ratio around 1:1. Also minor amounts of oxides and silicates can be
found, with MgSiO3; and MnO, as main compounds. The particle
size used for kinetics determination was 150-300 pm. This ilme-
nite has been showing good reactivity and excellent properties
from both TGA and batch fluidized bed testing (Adanez et al., 2010;
Leion et al., 2008a, 2008b, 2009a, 2009b). It has also been tested
with solid fuel in a 10 kW unit at Chalmers University of Technol-
ogy (Berguerand and Lyngfelt, 2008a, 2008b).

Pre-oxidized ilmenite and activated particles were used in this
work. Pre-oxidized ilmenite was obtained after a thermal treat-
ment of fresh ilmenite at 1223 K in air during 24 h. During the
thermal treatment ilmenite (FeTiO3) was fully oxidized to pseudo-
brookite (Fe,TiOs). In a previous work (Adanez et al., 2010), it was
found that ilmenite activates through consecutive redox cycles.
During the activation period the reactivity of ilmenite particles
increases and the Fe,O3 content increases at expense of Fe,TiOs.
After the activation period the reactivity was maintained roughly
constant, although the Fe,03 content was still increasing. Activated
ilmenite used in this work was obtained after 30 redox cycles in a
fluidized bed using 25 vol% CH4+10 vol% H,0 at 1173 K for the
reduction period, guaranteeing the complete activation of the
ilmenite particles. The solid conversion reached in the cycles
was ~ 50%, defined for the reduction reaction from Fe>* to Fe?*,
i.e. from Fe,TiOs and Fe,03 to FeTiO3 and FeO, respectively.

Table 1 shows the chemical composition for pre-oxidized and
activated ilmenite. The XRD analysis of pre-oxidized and activated
particles revealed ferric pseudobrookite (Fe,TiOs), rutile (TiO5) and
some free hematite (Fe,03) as major components. It can be seen
that the fraction of hematite increases in the activated ilmenite
regarding to pre-oxidized particles.
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Table 1
Composition (wt%) and physical properties of pre-oxidized and activated ilmenite.

Activated
ilmenite

Pre-oxidized
ilmenite

XRD (main species) Fe,TiOs, Fe,03, TiO, Fe,TiOs, Fe,03, TiO,

Fe,03 11.2 22.0
Fe,TiOs 54.7 38.5
TiO, 28.6 34.0
Inerts 5.5 5.5
True density (kg m~—3) 4100 4250
Ro,ilm (%) 4.0 33
Grain radius, rg (um) 0.5 1.25
Porosity (%) 1.2 12.7
BET surface (m? g~ 1) 0.8 0.4
Crushing strength (N) 2.2 2.0

Fig. 2. SEM images of (a) pre-oxidized and (b) activated ilmenite particles.

The oxygen transport capacity of ilmenite R, ;,, was calculated as

My—11;
mo

Ro,ilm = (3)
where m, and m, are the mass of the most oxidized and reduced form
of the oxygen carrier, respectively. In the CLC process, pseudobrookite
(Fe,TiOs) and hematite (Fe,0O3) are reduced to ilmenite (FeTiO3) and
magnetite (Fe;0,4), respectively. Rutile is considered to be an inert.
Higher reduction prevents the complete conversion of the fuel to CO,
and H,0 because thermodynamic constrictions (Leion et al., 2008b).
Thus, R, ;i was defined as the oxygen transport capacity useful for CLC,
and took the values 4.0 wt% for pre-oxidized ilmenite and 3.3 wt% for
activated ilmenite. This difference was due to the effect of the ilmenite
composition on the mass in the reduced state, m, The mass
corresponding to this reduced state is m, in Eq. (3), which increases
as the hematite content increases giving a lower value of Ry .

SEM pictures of pre-oxidized and activated particles can be seen
in Fig. 2. For pre-oxidized ilmenite a granular structure of the solid
is observed, which is enhanced during the activation period,
together with a gain in porosity. The porosity of pre-oxidized
ilmenite was 1.2%, whereas for activated ilmenite the porosity
value was as high as 12.7%. From SEM observation, the mean size of
the grains was determined to be about 1 um for pre-oxidized
ilmenite and about 2.5 pm for activated ilmenite. More detail about
the ilmenite composition and physical properties of ilmenite
particles can be found elsewhere (Adanez et al., 2010).

2.2. Experimental setup

The kinetic of the reduction and oxidation reactions for the pre-
oxidized and activated ilmenite has been carried out through
thermogravimetric analysis in a CI thermobalance, see Fig. 3. TGA
experiments allowed analyzing the reactivity of the oxygen carriers
under well-defined conditions. The reactor consists of two concentric
quartz tubes (24 mm i.d. and 10 mm i.d.) placed in an oven. The
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Fig. 3. CI thermobalance layout.

sample-holder was a wire mesh platinum basket (14 mm diameter
and 8 mm height) designed to reduce mass-transfer resistance
around the solid sample. The temperature and sample weight were
continuously collected and recorded in a computer. N, (2.5 cm3s~!
STP) flowed through the microbalance head to kept the electronic
parts free of reactant gas. The reacting gas mixture (~7 cm>s~! STP)
was measured and controlled by electronic mass flow controllers. The
reacting gas mixture was introduced at the upper part of the reaction
tube. The gas was heated at the desired temperature flowing down
through the external annulus of the reactor before contacting with the
sample, which was located at the bottom of the reactor. The gas left
the reactor through an internal quartz tube after mixing with the gas
coming from the head of the balance.

For the reactivity experiments, the ilmenite particles were loaded
in the platinum basket. The sample weight used for the experiments
was about 50 mg. The oxygen carrier particles were heated up to the
desired temperature in an air atmosphere. Once the set temperature
was reached, the experiment was started by exposing the oxygen
carrier to the desired conditions for the reduction step. In order to
avoid the mixing of combustible gas and air, nitrogen was introduced
for 2 min between the oxidizing and the reducing period.

The reactivity with the main reacting gases considered being in a
CLC system, i.e. CHy4, CO and H, was analyzed. The composition of the
gas used to determine the kinetic of the reduction reactions was varied
to cover a wide range of gas concentrations (fuel gas, 5-50 vol%; H,0,
20 vol%; CO,, 20 vol%; O, 5-21 vol%). The temperature was varied
from 1073 to 1223 K. For the kinetic determination, the data used
corresponded to the first reduction or oxidation period. Moreover, the
same sample of solid particles was not used to obtain the reaction rate
at different conditions, but for each experimental condition a new
sample of solid particles was used. This procedure was necessary
because the reactivity of ilmenite varies with the number of cycles,
mainly during the first cycles using pre-oxidized ilmenite.

As much pre-oxidized as activated ilmenite were in its fully
oxidized state. To analyze the reactivity of the oxidation reaction it
was necessary to reduce the sample first until the particles were
composed of Fe304 and FeTiOs3, so simulating the behaviour expected
in a CLC system. The previous reduction step was carried outat 1173 K
in an atmosphere composed of 5 vol% H, and 40 vol% H,0 (N, to
balance). At these conditions, the reduction of Fe,03 was stopped in
the Fe304 compound because thermodynamically is unfavourable the
subsequent reduction to FeO. After that, ilmenite particles were ready
to be oxidized. The oxygen concentration was varied from 5 to
21 vol%, and the reacting temperature was in the range 1073-1223 K.
Studies carried out by TGA showed that the oxidation rate was the
same independently of the gas previously used for the reduction.
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Initially, to establish whether external film mass transfer and/or
inter-particle diffusion were affecting the reaction rate, the gas flow
rate and the sample weight were varied in the range 6-14 cm?® s~ STP
and from 20 to 60 mg, respectively. It was observed that the reaction
rate was not affected by the amount of sample used or the flow rate,
indicating that external and inter-particle diffusion was not of
importance. Moreover, several experiments showed that particle sizes
in the range 90-500 pum did not affect the reaction rates, excepting for
the oxidation of pre-oxidized particles. In this case, the particle size
affected to the reactivity in some extension. In the other cases, the
internal mass-transfer resistances were not important.

2.3. Data evaluation

The reduction of ilmenite components, i.e. pseudobrookite and
hematite, by the different reducing gases are given by the following
reactions:
for reduction with H,

FeZTiO5+Ti02+H2HZFCTiOg"‘HzO (4)
3Fe,03+H; — 2Fe304+H,0 (5)

for reduction with CO
Fe,TiO5+TiO,+CO — 2FeTiO3+CO, (6)
3Fe,03+C0O — 2Fe304+CO, (7)

for reduction with CHy
4F62Ti05+4Ti02+CH4—>8FeTi03+C02+2H20 (8)
12Fe;03+CH4— 8Fe304+C0O,+2H50 (9)

For the oxidation reaction, it can be expected that the reaction
follows as

4FeTi03+0, — 2Fe,TiOs +2TiO (10)
4Fe;04+0, — 6Fe,03 (11)

However, the mechanism of oxidation can be some more
complex. From thermodynamic calculations (Borowiec and
Rosenqvist, 1981; Itoh et al., 2006), the end-product after the
oxidation of ilmenite at temperatures higher than 853 K is pseu-
dobrookite (Fe,TiOs) and rutile (TiO,). However, the end-product
experimentally observed when ilmenite is oxidized by air depends
on thereacting time and temperature. Rao and Rigaud (1975) found
three different oxidation products depending on the temperature
of oxidation. Thus, hematite (Fe,03) and titanium dioxide (TiO;)
were the final products in the temperature range 773-1023 K;
hematite and pseudorutile (Fe,Ti3Og) were the final products at
1043-1163 K; and pseudobrookite (Fe,TiOs) and rutile (TiO,) were
identified as oxidation products above 1173 K. Karkhanavala and
Momin (1959) and Gupta et al. (1991) found that ilmenite oxidized
at temperatures lower than 1123 K produced a mixture of hema-
tite, pseudobrookite and rutile. The metastable compounds
Fe,03+TiO, and Fe,Ti30g can appear as intermediate products at
temperatures lower than 1273 K (Zhang and Ostrovski, 2002). In
short, pseudobrookite was found to be the only end-product when
the oxidation was carried out at high temperature ( > 1123 K) and
during long time ( > 24 h), but a mixture of different compounds
can be found at lower temperatures or lower oxidation time.

Following the above consideration, the oxidation of ilmenite
(FeTiO3) can be considered as

2FeT103 +1 /202 e F6203 'Ti02 +Ti02 e F6203 +2T102 (12)

3FeTiO3+3/40, — Fe,Tis0g+1/2Fe,03 — 3/2Fe,TiOs+3/2Ti0,  (13)

being the end-product a mixture of Fe,TiOs, Fe;03 and TiO; in a ratio
which depends on the reacting time and temperature. Besides, the
segregation of Fe,O3; from the titanium-rich phase also has been
reported at 973 K because of the migration of Fe?* and Fe3* ions
through the solid lattice towards the grain boundary (Nell, 1999).
Once iron is segregated from the titanium-rich phase, the formation of
Fe,TiOs product is prevented because there is not physical contact
between them. Thus, the amount of free Fe,03 can be increased after
every redox cycle, as it was confirmed from experimental results in a
previous work (Adanez et al., 2010). In addition, the oxidation of the
Fe304 coming from the previous reduction of Fe,0s also is described
by reaction (11).

During the ilmenite reduction, the oxygen transferred to the fuel
gas is the sum of the contribution of the reduction of Fe,TiOs and
Fe,03. More complex is the interpretation of the oxygen gained during
the oxidation step, as has been above showed, because new hematite
appeared. Unfortunately, from the analysis of the thermogravimetric
curves it was not possible to separate the contribution in the gaining
or losing weight of each one of the reactions (4)-(13). Therefore, the
“Integrated Rate of Reduction” (IRoR) was used, by which the total
rate of reduction of a whole particle is used instead of the local rate of
reduction (LRoR). The IRoR has been widely used for the analysis of the
reduction of iron ores, as it was reviewed by Donskoi et al. (2003). In
the IRoR model, the pseudobrookite was considered to be Fe,03+TiO,,
ilmenite was FeO+TiO,, and magnetite was Fe,O3+FeO. TiO, was
considered to be an inert material. So, the reduction and oxidation
sequence of ilmenite can be summarized and simply expressed as the
following two reactions:

Fe,05+H, - 2Fe0+H,0 (14)
Fe,05+C0—2Fe0+CO, (15)
4Fe,05+CH,—8Fe0 +C0,+2H,0 (16)
4Fe0+0, - 2Fe,03 (17)

where Fe,05 includes all the ferric materials, and FeO the ferrous
materials, as was used by Sun et al. (1992b). It is worth nothing that
magnetite (Fe304) was considered as a mixture of Fe,O3; and FeO.
Therefore, the reduction of hematite to magnetite is assumed to be
due to the reduction of 1/3 of the hematite containing iron to FeO,
being the remaining 2/3 of iron not reduced.

The conversion level of the oxygen carrier was calculated for the
reduction (X,) and oxidation (X,) reactions as
Mme—m

X, =
Ro,ilm my

(18)

m—m;

Xo B 17XT B Ro,ilmmo

(19)

The oxygen transport capacity of ilmenite, Ry, was 4.0 and
3.3 wt% for pre-oxidized and activated ilmenite, respectively, as
previously discussed.

3. Results
3.1. Analysis of the reduction reaction

The reactivity of pre-oxidized and activated ilmenite was inves-
tigated using H,, CO or CH,4 as reducing gas. To determine the kinetic
parameters of the reduction reaction, several experiments at different
temperatures (1073, 1123, 1173 and 1223 K) and gas concentrations
(5%, 15%, 30%, 50%) were carried out.
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3.1.1. Effect of the gas products on the reduction reaction

To analyze the effect of the gas product, i.e. H,0 and CO,, on the
reaction rate of the ilmenite, experiments were done with H, or CO
as reacting gases and varying the ratio H,O/H, or CO,/CO,
respectively. Fig. 4 shows the thermograms obtained for activated
ilmenite with 5 vol% H, and H,0 content from 0 to 30 vol%. Similar
curves were obtained for pre-oxidized ilmenite or with 5 vol% CO
varying the CO, content.

When H,0 was not present in the reaction gas mixture the mass
loss was about 5% in 200 s. This value is higher than the oxygen
transport capacity showed for activated ilmenite, i.e. Ry jjm=3.3%.
The excess in the mass loss was due to the reduction of Fe;04 to FeO,
or even for longer times, to Fe. In addition, it can be seen two
reaction zones. Until a decrease in the initial mass about 3.3% the
reaction was fast, but later the reaction rate decreased with time.
The mass loss observed during the first step was assigned to the
reduction of Fe;TiOs and Fe, 03 to FeTiOs3 and Fe304, respectively. In
this case, the reaction rate was not affected by the H,O content
because both reductions are allowed by thermodynamic consid-
erations at all the experimental conditions used. However, the
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Fig. 4. Thermograms obtained during the reduction of activated ilmenite using
different H,O/H, ratios. H,=5%. N, to balance. T=1173 K.
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subsequent reaction - corresponding to the reduction of Fe304 - is
clearly affected by the H,O content: a higher amount of H,O in the
reacting gases leads to a lower reaction rate. This reaction was
ceased with H,0 content higher than 20 vol% when the mass loss
was 3.3 wt% because the reduction of Fes04 was avoided due to
thermodynamic reasons. The equilibrium constant for the reduc-
tion of Fe304 to FeO is 2.1 for H, and 1.6 for CO at 1173 K (Barin,
1989). This means that the reduction of Fe;04 is prevented when
H,0/H, > 2.7 or CO,/CO > 2.1, as it can be seen in Fig. 4. At these
conditions, the final solid products are FeTiO3 and Fe;0,.

Another consequence of the thermodynamic restrictions for the
reduction of Fe304 is that ilmenite should be reduced at maximum
to a mixture of FeTiOs and Fes04 to get complete conversion of
gases to CO, and H,0 in a CLC system. Thus, the corresponding
value taking for R, ;i was 3.3 wt%. Further losses in the mass were
not considered to happen in a CLC system, i.e. the oxygen present in
Fe;04 was not accounted.

The following conversion vs. time curves were calculated from
the mass loss showed in the thermograms at different conditions
(gas composition and temperature) using Eq. (18). Conversions
higher than 100% - which corresponds to the dotted line — could be
obtained in experiments when the mass loss exceeded these
values, i.e. for H;O/H, < 2.7 or CO,/CO < 2.1. As further reduction
of FeTiO5 to Fe® or Fe;0,4 to wustite (FeO) must be prevented in a
CLC system, only the part of the curve up to conversion of 100% was
of interest for CLC applications, i.e. the reduction until FeTiO3 and
Fe304, which is scarcely affected by the product gas concentration.

3.1.2. Effect of fuel type
The study carried out about reactivity showed the different

behaviour obtained for the three fuel gases considered in the fuel
reactor, i.e. Hp, CO and CHy4. To compare ilmenite reactivity with
these gases, Fig. 5(a) and (b) show the conversion vs. time curves for
the different reducing gases for pre-oxidized and activated ilme-
nite, respectively. Observe that the time scales are different in these
figures.

Although ilmenite presents initially a rather low reactivity, there is
an important reactivity increase after the activation period. For the
different reducing gases, pre-oxidized and activated ilmenite react
faster with H, than with CO and CHy, reaching a conversion value of
80%in 35 s. Pre-oxidized ilmenite reacts faster with CO than with CHy,
unlike activated ilmenite. For H, and CO the reactivity rises around
5 times after the activation, while for CH, this increase is about
15 times. The reactivity increase observed for all these fuel gases can
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Fig.5. Conversion vs. time curves during reduction period using H,, CO or CH, as reducing agent (continuous lines). Also the oxidation by air is showed for the reduced ilmenite
(broken lines): (a) pre-oxidized ilmenite and (b) activated ilmenite. Experimental conditions: T=1173 K; reducing gas mixtures: 15% H,+20% H,0 or 15% CO+20% CO, or 15%

CH4+20% H,0. Nitrogen to balance.
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be explained through the structural changes undergoing the solid
during consecutives redox cycles (Adanez et al., 2010).

3.1.3. Effect of gas concentration

To determine the effect of the gas concentration on the kinetics
of the reduction reaction, several experiments at 1173 K and gas
concentrations (5%, 15%, 30% and 50%) were carried out. As an
example, Fig. 6 shows plots of the effect of H, concentration on the
conversion-time curves. Similar behaviour was observed for CO
and CH4. As expected, an increase in the fuel gas concentration
produces an increase on the reaction rate.

3.1.4. Effect of temperature

The effect of temperature on the reaction rate of ilmenite was
later investigated. Fig. 7 shows the conversion vs. time curves for
the reduction with CO of pre-oxidized and activated ilmenite.
Similar curves were obtained for H, and CH4. In all cases, the
reaction rate is quite affected by the temperature. An increase of
temperature produces an increase on the reduction rate.

3.2. Analysis of the oxidation reaction

The CLC system is composed of two interconnected fluidized
bed reactors. The reduced oxygen carrier from the fuel reactor is
regenerated in the air reactor. Therefore, the regeneration of the
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oxygen carrier with air should be also analyzed. The oxidation
reactivity of pre-oxidized and activated ilmenite was investigated.
As the solid samples were completely oxidized, before the oxida-
tion step they were fully reduced until FeTiO3; and Fe304 using
5 vol% Hy and 40 vol% H,0. To determine the kinetic parameters of
the oxidation reaction several experiments at different tempera-
tures (1073, 1123, 1173 and 1223 K) and oxygen concentrations
(5%, 10%, 15%, 21%) were carried out.

Fig. 5 shows the conversion vs. time curves obtained for pre-
oxidized and activated ilmenite, together those obtained for the
reduction with H,, CO and CH,. The reactivity of the oxidation reaction
is higher than those for the reduction with H,, CO, and CH,, except for
the oxidation of pre-oxidized ilmenite for solid conversions higher
than =~ 0.25. After this value, the reaction rate sharply decreased for
pre-oxidized ilmenite, being evident at conversions higher than 0.35.
Nevertheless, the complete oxidation of pre-oxidized particles was
obtained after a long enough oxidizing period. To analyze the reason
for this strong decrease of the reactivity at a conversion =~ 0.25,
different samples of pre-oxidized particles were fully reduced and later
oxidized for different times. Thus, samples of ilmenite particles with
different conversion of oxidation were obtained. SEM images of these
particles are shown in Fig. 8. It can be seen that the fully reduced
particle exhibits a granular and porous structure. This structure was
still maintained when the particle was partially oxidized to X,=0.2,
but it can be seen some decrease in the porosity development.
However, the porosity collapsed when particles were further oxidized
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Fig. 6. Effect of H, concentration on the reduction reaction for (a) pre-oxidized and (b) activated ilmenite. T=1173 K. H, concentration: O 5 vol%; A 15 vol%; o 30 vol%;

[ 50 vol%. 20 vol% H,0; N, to balance. Continuous line: model predictions.
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Fig. 7. Effect of CO concentration on the reduction reaction for (a) pre-oxidized and (b) activated ilmenite. Temperature: © 1073 K; A 1123 K; ¢ 1173 K; O 1223 K. 15 vol%

CO; 20 vol% COy; N, to balance. Continuous line: model predictions.
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Fig. 8. SEM images of pre-oxidized ilmenite particles after one reduction step (a) and at different conversion of the following oxidation: (b) X,=0.2; (c) X,=0.5; (d) X,=0.8.
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Fig. 9. Effect of O, concentration on the oxidation reaction for (a) pre-oxidized and (b) activated ilmenite. T=1173 K. O, concentration: O 5 vol%; /A 10 vol%; o 15 vol%;

O 21 vol%. N, to balance. Continuous line: model predictions.

at X,=0.5 and 0.8. This fact suggests that the reaction mechanism
probably changes from a chemical reaction control to a diffusional
control in the particle due to the loss of porosity inside the particle as
oxidation proceeds. This fact agrees to the results showed by other
authors. Rao and Rigaud (1975) observed a quick decrease on the
oxidation reaction rate at conversion varying from 0.3 to 0.75, which
depended on the particle size. They suggested that this decrease was
due to the formation of a thick adherent film around the particle. Sun
et al. (1992a) determined that oxidation of ilmenite was mainly
controlled by the intrinsic kinetic and diffusional effects in the product
layer, being the diffusion more important as the oxidation proceeds.

After the activation period, it was found a considerable increase in
the reaction rate, which is more pronounced for solid conversions
higher than ~ 0.25, see Fig. 5. On the contrary than for pre-oxidized
ilmenite, for activated ilmenite the initial porosity is high enough to be
conserved after the oxidation step, as can be seen in Table 1. Thus, the
oxidation reaction of activated ilmenite is relatively fast and mainly
controlled by the chemical reaction in the solid surface. A conversion
value as high as 80% is obtained in 15 s.

3.2.1. Effect of oxygen concentration

Several experiments were carried out at 1173 K with different O,
concentration (5%, 10%, 15% and 21%). Fig. 9 shows the conversion-
time curves obtained for pre-oxidized and activated ilmenite. It can be
observed that the reaction rate increases as the O, concentration
increases when the reaction rate was controlled by the chemical
reaction. However, the O, concentration scarcely affects the reaction
rate when the reaction was controlled by diffusion in the particle, i.e.
when the reaction rate was slow for pre-oxidized ilmenite.

3.2.2. Effect of temperature

Several experiments were carried out at different temperatures
from 1073 to 1223 K with a constant oxygen concentration of
21 vol%, and following the procedure described in the experimental
section. Fig. 10 shows the conversion vs. time curves obtained for
pre-oxidized and activated ilmenite. Contrary to the effect showed
for the reduction reaction, the oxidation rate scarcely increased
when the temperature was increased, mainly when the reaction
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Fig. 10. Effect of temperature on the oxidation reaction for (a) pre-oxidized and (b) activated ilmenite. Temperature: © 1073 K; A 1123 K; 1173 K; O 1223 K. 21 vol% O2; N,

to balance. Continuous line: model predictions.

was controlled by the chemical reaction. Some higher effect of the
temperature was observed when the reaction was controlled by
diffusion in the particle, i.e. the oxidation of pre-oxidized particles
for X, > 0.25.

3.3. Determination of the kinetic parameters

By using a particle reaction model, the kinetic parameters of the
different reactions can be determined for the oxygen carrier. Most
of reaction models used for the oxidation of ilmenite (Jablofiski and
Przepiera, 2001; Rao and Rigaud, 1975; Sun et al., 1992a) and the
reduction of pre-oxidized ilmenite (Sun et al., 1992b) were based
on a mixed control of chemical reaction at the grain boundary and
diffusion in the particle. Other reaction models, as nucleation
models, have been refused in the past to describe the oxidation
reaction of ilmenite (Rao and Rigaud, 1975).

The requirements that must fulfil a model are to be a repre-
sentation as near as possible to the real process and that can be
coupled without many difficulties with the fluidized bed reactor
model. Several SEM images showed a granular structure inside the
ilmenite particles (see Fig. 2). Moreover, previous studies showed
that the particle size did not affect the reaction rates of ilmenite.
Taking into account for these considerations and the results
showed by other authors, the grain model with uniform reaction
in the particle with changing grain size model in the grains,
controlled by chemical reaction, was used to determine the kinetic
parameters.

The model assumes that the particle consists of a number of
nonporous spherical grains of uniform initial radius, rs. The
reaction proceeds in the grain following the changing grain size
model. Considering that the reaction is controlled by the reaction in
the grain which corresponds to negligible resistances to gas film
mass transfer and diffusion inside the particle, the equations that
describe this model are the following:

t

—=1-(1-X)'", gy = L0E 20)

chr
In addition, to predict the behaviour of the oxidation of pre-
oxidized ilmenite a mixed resistance between chemical reaction and
diffusion in the solid product was needed, as previously has been
discussed. In this case, it was assumed that the reaction rate was
controlled by chemical reaction in the grain up to a determined
conversion value, Xg, which will be determined from the
conversion-time curves. During this period, the porosity of particles
decreases because the volume of the solid products (Fe,TiOs+TiO,
and Fe,03) is higher than those for the solid reactants (FeTiOs and

Fe304). This chemically controlled step proceeds until the porosity
collapses. From this point, it was assumed that the oxidation proceeds
following a shrinking core model in the particle, and it is controlled by
the diffusion in the solid. Furthermore, it was found that the oxygen
concentration do not affect the oxidation rate when the reaction is
controlled by diffusion through the product layer. This fact was
already showed by Rao and Rigaud (1975), suggesting that iron ions
are mobile through the solid lattice, which agrees with the iron
segregation observed during the activation process. The equations
that describe this oxidation step are the following:
t 23, 1-Z4+(1-2)1-X;)*?

—=3(1-(1-X;
= 3[170X) - .

2
pmrp

6bD,

Tdif =

21

where Z is the expansion ratio between the solid product and solid
reactive
7= Vin,proa (22)
Vm,reac
and X/ is a modified conversion that takes into account that the
diffusional control starts at the conversion X, and it is calculated as

Xo_xchr
Xy =2 2dr
° 1—Xeny
being X5 =0 at X,=Xu, and X; =1 at X,=1.
The time necessary to reach any conversion for values higher
than X, is given by

(23)

t = tair +tenr ‘x (24)

chr

tenr ‘Xd,, is the time at which X, is reached and it is calculated from
Eq. (20).

As it has been discussed above, from the conversion vs. time
curves it was not possible to differentiate the reduction of Fe,TiOs
from that of Fe;Os. Thus, a global kinetic rate constant was
calculated for the sum of both reactions, i.e. the reduction of
Fe3* to Fe?*, as it was expressed by Eqs. (14)-(16). Similarly, a
global kinetic rate constant was obtained for the oxidation reaction
of Fe?* to Fe**, see Eq.(17). In this line, an average coefficient b was
used in Egs. (20) and (21) as a function of ilmenite composition,
which is shown in Table 2.

This kinetic model was used to determine the kinetic para-
meters for the reduction of pre-oxidized and activated ilmenite
with H,, CO and CHy4, and the oxidation with O,.

The reaction order, n, with respect to each reacting gas (H,, CO,
CH4 or O;) was obtained from the calculus of 7, by fitting the
experimental curves conversion-time to the model equation.
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Table 2

Kinetic parameters for ilmenite reduction with H;, CO and CHy, and oxidation with air.

Kinetic parameters Pre-oxidized Activated
H, Cco CH4 0, H, co CH4 0,

Pm (mol m~3) 13,590 13,590 13,590 31,100 13,590 13,590 13,590 31,100

rg (M) 0.5x 106 0.5x10°¢ 0.5x107° 0.48 x 106 1.25x 1076 1.25x 1076 1.25x10°6 1.20x 1076
b 1.19 1.19 4.74 4 1.45 145 5.78 4

kso (mol' =" m3" =25 1) 51x%107" 21x107! 8.3 8.0x107° 6.2 x 1072 1.0x 10! 9.8 19%x 1073
Ecqr (K] mol—1) 109.2 +2.3 1133 +3.0 1652 +124 11.8+0.1 65.0 +2.7 80.7+24 135.2+6.6 255+1.2
n 1 1 1 1 1 0.8 1 1

Deo (mol m~25~1) 137x10°°

Egir (k] mol~1) 774403
a b a b
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Fig. 11. Plot to obtain the reaction order with respect to H,, CO and CH4, and O, for
(a) pre-oxidized and (b) activated ilmenite. T=1173 K. © Hy; A CO; o CHy; O Os.

Thereby, Eq. (20) can be expressed as follows:

In <pmrg> = In(ks)+n In(Cy) (25)

Tchr

From a plot of In(pmre/btchr) vs. In(C,) the values of the reaction
order, n, can be obtained from the slope of the figure, and the In(ks)
at the reaction temperature. Fig. 11 shows this plot for each
reacting gas. The calculated reaction order for each reaction is
shown in Table 2.

From the experiments carried out at different temperatures, values
for the chemical reaction kinetic constant, ks, as a function of the
temperature were obtained. The dependence on the temperature of
the kinetic constant was assumed to be Arrhenius type, as follows:

ks = kspeEer/ReT (26)

Fig. 12 shows the Arrhenius plot of the ks values as a function of
1/T. The values of the kinetic parameters finally obtained for pre-
oxidized and activated ilmenite are given in Table 2.

For the oxidation of pre-oxidized ilmenite, the diffusion in the
product layer of the particle was also considered from a value of
Xenr = 0.25. By fitting the conversion curves obtained at different
temperatures, the values of the effective diffusivity in the product
layer, D,, at each temperature were obtained. Fig. 12 shows the
Arrhenius’s plot for the dependence of D, with the temperature,
and the values of the pre-exponential factor and the activation
energy finally obtained are given in Table 2.

The theoretical curves calculated using the reaction model with
the kinetic parameters showed in Table 2 predicted adequately the
experimental results in all range of operating conditions studied for
both pre-oxidized and activated ilmenite. As example, some
conversion-time curves predicted by the reaction model are shown
in Figs. 6, 7 and 9, 10.
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Fig. 12. Arrhenius plot for the kinetic constant k; for the reaction of H,, CO, CH4 and
0, and the effective diffusivity, D,, for the oxidation with (a) pre-oxidized and (b)
activated ilmenite. ks: © Hy; A CO; o CHy; O O,. Dg: M O-.

For the reduction reactions, values for activation energies ranged
from 109 to 165 k] mol~! for pre-oxidized ilmenite, and lower values,
from 65 to 136 k] mol~! were obtained for activated ilmenite. These
values are higher than those showed for other iron-based oxygen
carriers (Son and Kim, 2006; Abad et al., 20073, 2007b; Moghtaderi
et al., 2010), except for that calculated by Bohn et al. (2009), who
referred an activation energy of 75 kj mol ~ ! for the reduction with CO.
In addition, the values of the activation energy are in the range of that
obtained by Sun et al. (1992b) for different pre-oxidized materials at
1073 K, in which some hematite was found. Lower values of the
activation energy were found for the oxidation of pre-oxidized and
activated ilmenite (11.8 and 25.5 k] mol ', respectively), but a higher
value was found for the effective diffusivity for pre-oxidized ilmenite
(77 k] mol~ ). The activation energy for diffusion in the solids during
the oxidation reaction was mainly found in the range 46-180 k] mol !
(Rao and Rigaud, 1975; Sun et al., 1993) when the reaction was
controlled by lattice diffusion. The lower limit of this range was found
for the oxidation when there are a complete segregation among
hematite and rutile, whereas the higher limit was found for complete
oxidation to pseudobrookite. In this work it was found a value of the
activation energy between them, which can be related to a partial
segregation of hematite from the titanium-rich phase in every redox
cycle. A lower value of the activation energy of 31 k] mol ~ ! was found
by Jablonski and Przepiera (2001) when the chemical reaction was
controlling the reaction, in line to the results obtained in this work.

4. Discussion

A key parameter for the design of a CLC system is the solids
inventory in the fuel- and air-reactors as well as the recirculation
rate of oxygen carriers between the reactors. Both parameters are
linked and depend on the reactivity of the materials and on the
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oxygen transport capacity of the oxygen carrier. In this section the
use of the kinetic parameters determined in this work for design
purposes is discussed.

4.1. Assessment of the use of ilmenite as an oxygen carrier

The important parameters in the design of a CLC system are the
recirculation rate of particles and the solids inventory. Both the
oxygen transport capacity and the reduction and oxidation reactivity
of solids determine the solids inventory in the fuel and air reactors to
reach full conversion of fuel gas. A simplified model has been used to
get an initial estimation of the solids inventory (Abad et al., 2007a).
Thus, the calculated solids inventory facilitates the comparison of the
feasibility of different oxygen carriers in an adequate way. The
simplified model considers perfect mixing of solids, no restriction
for the gas-solid contact, and the solid reaction following the
shrinking core model. Considering the mass balance to the reactor,
the mass of solids in the fuel and air reactors per MWy, of fuel, mgc, can
be calculated for gaseous fuels as (Abad et al., 2007a)

2dMo 3 2dMo 3

Moc =1 - =n 27
¢ AH? ¢Ro,ilm(%|xf = O)av ‘ AHS ‘p<‘%{x, = 0)3\,
and for solid fuels, e.g. coal, as (Adanez et al., 2010)
10°mg 3 10°mg 3 28)

Moc =1 - =N
¢ LHV ¢Ro,ilm(%|x,v:0)av ¢ LHV (D<|({TL§)|X!':O>AV

being mo the mass of oxygen required per kg of solid fuel to fully
convert the solid fuel to CO, and H,O, as for the case of the
conventional combustion with air. LHV is the lower heating value
of the solid fuel. In this work a typical composition for coal of 70%
carbon, 5% hydrogen and 10% oxygen has been assumed, correspond-
ing to a value of mp=2.2 kg O kg~ ! coal. The LHV was assumed to be
25,000 k] kg~ 1.

Often the rate of oxygen transference is expressed as a mass
based conversion rate, dw/dt, where w is the mass based conversion
defined as

m
= m_ =1 +Ro,ilm(xa_1) = ]_Ro,ilmxr (29)

(]

The mass based conversion rate can be calculated as
dw dX;
% =Roin (gt 30)

The average reactivities
Xi= 0> av

dX,' and dw
@) a

are obtained at the average gas concentration in the reactor and at
the conversion of ilmenite X;=0. For gaseous fuels, the average
concentration can be obtained from the following equation:

n
AXCly
Xgout [1+EXg n
Jx [ 1% | e

Cg= 31)

\g,in
where ¢ considers the gas expansion as a consequence of the
reaction, and it was calculated as

Vex,=1—Vex, =0

&g = (32)

Vg,Xg =0
The value of ¢; was 2 for the reduction reaction with CHy, O for the
use of H, and CO, and —0.21 for the oxidation reaction. Table 3
shows the average concentration considering a gas conversion of
Xgour=99.9% in the fuel reactor, and an air excess of 20% in the air
reactor. For solid fuels, an initial estimation of the solids inventory
was calculated only considering H, and CO proceeding from coal

Table 3
Minimum solid inventory data for pre-oxidized and activated ilmenite (kg of solids
per MWy, of fuel).

Pre-oxidized Activated

H, co CHa4 Coal® H, co CHy  Coal®
Cg (% of fuel) 145 145 53 5 145 192 53 5

Fuel reactor

T=1173K 299 955 4481 1152 66 189 461 253
T=1223K 197 619 2337 760 52 139 272 201
T=1273K 135 416 1285 519 42 105 167 163

Air reactor®

T=1173K 75 64 90 99 39 33 47 52
T=1223K 74 63 89 99 37 31 44 49
T=1273K 74 63 89 98 35 30 42 46

2 It was used 5 vol% H, for coal as fuel.
b The reaction rate was calculated using 11.1 vol% O,.

gasification. H, and CO concentration values can be as low as 2%, as
found during CLC continuous operation (Berguerand and Lyngfelt,
20083, 2008b). Considering that the reactivity of a mixture of H,
and CO is similar to the reactivity for H, (Abad et al., 2007b), the
average reactivity in Eq. (28) was calculated for 5% H», as the sum of
H, and CO concentrations (Adanez et al., 2010).

The parameter @ is the characteristic reactivity in the reactor, and
it can be easily obtained from Fig. 7 in the work done by Abad et al.
(2007a) as a function of the variation of the solids conversion in the
reactor, AX;, and the conversion of solids at the reactor inlet. Never-
theless, assuming spherical grains in the kinetic model the value of
characteristic reactivity, @, is limited between 3 and 0. The minimum
solids inventory in every reactor is obtained considering that =3,
which is the case for X;;=0 and AX;~ 0. This condition has been
chosen to calculate the solids inventory and it could be reached when
there were not limitations for solids circulation between fuel reactor
and air reactor. The solids inventories so obtained for pre-oxidized
and activated ilmenite are shown in Table 3.

The solids inventory in the air reactor can be also obtained from
Eqgs. (27) and (28) for gaseous and solid fuels, respectively. In this
case, the average reactivity, i.e.

<dx,. > o < do >
— [X;=0 5
dt av dt Xi=0/ay

should be the corresponding to the oxidation reaction. As the
oxygen demanded by each fuel (CHy4, H,, CO or coal) is different per
MWy, of fuel, the solids inventory per MWy, in the air reactor is also
different for every fuel gas, even if the oxidation reactivity is the
same in all cases. Therefore, a solids inventory in the air reactor can
be calculated for each fuel gas, as it is shown in Table 3.

Higher solids inventories were found for pre-oxidized ilmenite
than for activated ilmenite because the increase of the reactivity
during the activation period. Also lower values of the solids
inventory are found for the air reactor than for the fuel reactor
because of the higher ilmenite reactivity for the oxidation reaction
with respect to the reduction reactions. In the same way, higher
solids inventories are required for the use of methane as fuel gas
than for the syngas components, i.e. H, and CO. The solids inventory
in the fuel reactor is highly dependent on the reactor temperature
because the considerable increase of the reactivity with the
temperature. However, minor differences in the solids inventory
of the air reactor with the temperature were found because the low
activation energy of the oxidation reaction, see Table 2.

The numbers showed in Table 3 can be compared to the solids
inventory calculated for several synthetic oxygen carriers (Abad
et al., 2007a; Zafar et al., 2007a, 2007b). Activation is expected to
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occur quickly in the CLC system and it can be considered that
most of particles in the CLC system are activated. Thus, only the
minimum solids inventory for activated particles will be used
for comparison purposes with other oxygen carriers. The solids
inventories calculated for the air reactor (30-52 kg/MW,,) are in
the range of those calculated for other Ni-, Cu-, Mn- and Fe-based
oxygen carriers, which were in the range 10-60 kg/MW_,. On
the contrary, the calculated solids inventories in the fuel reactor
for ilmenite were usually higher than the obtained for others
oxygen carriers. For ilmenite the solids inventories were in
the range 42-66 kg/MWy, for H,, 105-189 kg/MWy, for CO and
167-461 kg/MWy, for CH,. For a highly reactive synthetic Fe-based
oxygen carrier the solids inventory obtained for H, and CO were 12
and 29 kg/MW4,, respectively, whereas that the solids inventory for
CH,4 was 950 kg/MW,,. Nevertheless, lower solids inventories were
calculated for methane using other oxygen carriers, e.g. in the range
10-20 kg/MWy, for Ni-based oxygen carriers, 52 kg/MWy, for a
Cu-based oxygen carrier or 85 kg/MW,, for a Mn-based oxygen
carrier (Abad et al., 2007a; Zafar et al., 2007a, 2007b).

Regarding the values obtained for the solids inventory and
comparing these values with those calculated for synthetic oxygen
carriers with proven suitability in a CLC process, the assessment of the
use of ilmenite as an oxygen carrier can be done. Thus, the use of
ilmenite for the combustion of methane is not adequate, but there
could be interesting the use of ilmenite for syngas combustion. Also,
the solids inventory needed for ilmenite takes also acceptable values
for coal combustion and the use of ilmenite for coal it is highly
recommended because ilmenite is harmless for the environment and
a considerably cheaper material than a synthetic material.

4.2. Application of the kinetic data to a reactor model

To predict satisfactorily the experimental results of a CLC plant
with the mathematical model, it is necessary to know the actual
reactivity of the oxygen carrier in the air and fuel reactors, which
should be an average reactivity of all particles inside the reactors.
For this purpose, it is necessary to consider how the reactivity of a
particle changes during successive redox cycles, and the lifetime of
every particle in a CLC system until they are elutriated or drained
together the coal ashes. Every particle in a CLC has a different
lifetime. For example, the number of cycles and the reacting time in
each reactor has not to be the same for all particles existing in a CLC
system. Thus, the reactivity of every particle would be different.

In a previous work (Adanez et al., 2010) it was found that pre-
oxidized ilmenite particles increase their reactivity — here defined
as the variation of conversion with time (dX;/dt) - with the number
of cycles. Ilmenite conversion X; of the reduction or oxidation
reaction was obtained using Eqs. (18) or (19) and considering that
free Fe,03 and Fe,TiOs in ilmenite are reduced up to FesO4 and
FeTiO3, respectively. However, the oxygen transport capacity, Ro,iim,
decreased with the redox cycles because the amount of hematite in
the particles increased. From this complex situation, it seems that
to know the average reactivity of particles which had different
degree of activation - as it is the case in a CLC system - could be a
hard task. That is, the reactivity of newly introduced particles, i.e.
pre-oxidized, and particles with different degree of activation
should be determined, and then to calculate an average reactivity
of the particles in the air and fuel reactors.

To solve this problem and for preliminary estimations, it was
assumed that the fraction of non-activated particles in the CLC
system is low compared to the activated ones and it can be
considered that most of particles in the CLC system are activated.
This assumption can be realistic if the activation process was
shorter than the lifetime of the particles in the CLC system. This can
be the case because the activation of ilmenite particles is a fast

process, which happens in a few redox cycles. Moreover, it is
necessary to consider that the rate of oxygen transference remains
constant after the activation period (Adanez et al., 2010). Thus, the
mass based conversion rate, dw/dt, is maintained constant, and the
same value can be obtained from two activated particles with
different oxygen transport capacity, i.e.

d dx; dxX;
@ =R (@), =Ro2(G) G3)
1 2

The reactivity (dX;/dt); of activated particles with an oxygen
transport capacity R,1=3.3 wt% can be determined from the
kinetics parameters obtained in this work. Thus, the reactivity
(dX;/dt), of any other particles with an oxygen transport capacity
R, > can be easily determined from Eq. (33). Similarly, the average
reactivity, (dX;/dt),, of a mixture of activated particles with an
average oxygen transport capacity R, can be calculated using the
kinetic parameters obtained in this work for activated ilmenite.
As an example, Fig. 13 shows the solids inventory in the fuel
reactor as a function of the oxygen transport capacity for activated
ilmenite and using coal as fuel. As it was shown in a previous work
(Abad et al., 2007a), the solids inventory depends on the solids
circulation flow rate, moc. Thus, the solids inventory calculated for
different values of mgc are shown in Fig. 13. It can be seen that the
solids inventory decreases as the solids circulation flow rate
increases or the oxygen transport capacity increases. Both para-
meters, Moc and R, m, are linked to the variation of solids
conversion in the reactor, AX;, by Eq. (34) for gaseous fuels and
Eq. (35) for solids fuels, which is the parameter affecting the solids
inventory through the parameter @, see Eqgs. (27) and (28)

2dM, 1
AXj= =0 (34)
Ro.ilmAHc Moc
AX; = ML (35)
T Ro,ilmLHV mOC

Therefore, as rigc or Ry im increases, AX; decreases. Thus, as AX;
decreases the residence time of particles in the reactor should be
lower, and the solids inventory decreases. Here, it is useful to
remember that the rate of oxygen transference is maintained
constant for activated particles with different values of R, i, as
it was stated in Eq. (33). At this condition, the parameter affecting

500
AX;=0.5
400
AX; =04
=
z 300 AX;=03
% AX;=02
g AX;=0.1
O 1
3 200 AX ~0
100
0 ! ! ! ! !
1.5 2.0 2.5 3.0 35
Ra,ilm (%)

Fig. 13. Solids inventory for activated ilmenite (kg of solids per MWy, of fuel) as a
function of the oxygen transport capacity for several solids circulation flow rate, ri1oc
(kg s~" per MWyy,). T=1223 K; X;;,=0.5— AX;/2. Fuel: coal.
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the solids inventory is AX;, i.e. the same solids inventory value will
be obtained for a constant value of AX; corresponding to the same
value for the product of mgc and Ry jim. In Fig. 13 some reference
lines corresponding to various values of AX; are plotted.

Also it can be observed in Fig. 13 that the effect of the oxygen
transport capacity on the solids inventory is less noticeable as the
solids circulation rate increases, i.e. when AX; decreases. This fact is
an effect of considering perfect mixing of solids in the reactor.
When AX;— 0, the fraction of reacting oxygen is much lower than
the total available oxygen in particles. Thus, the total available
oxygen in the particles, i.e. the oxygen transport capacity, has low
relevance on the average reactivity of particles in the reactor and
hence in the solids inventory. At the condition AX;—0 the mini-
mum solids inventory is reached, as it was showed in Table 3.

Under these considerations, the kinetic parameters determined
in this work can be introduced in a mathematical model describing
the reactors of a CLC system when gaseous or solids fuels are used.
In a future work, the mathematical model of the CLC system will be
used to simulate and optimize the process for industrial operation
under different operating conditions.

5. Conclusions

The reactivities of the reduction and oxidation reactions for pre-
oxidized and activated ilmenite were determined by thermogravi-
metric analysis using methane, hydrogen, carbon monoxide or
oxygen as reacting gases. The activated ilmenite exhibited high
reactivity in both reduction and oxidation reactions, with times for
complete conversion at 1223 K lower than 120 s using 15% of H,,
CO or CHy, and 30 s using 21% of O,.

The kinetic parameters of the reduction reaction with H,, CO or CH,
and the oxidation by oxygen of pre-oxidized and activated particles
were obtained. The grain model with uniform reaction in the particle
and reaction in the grains following a changing grain size model with
chemical reaction control in the grains was used to determine the
kinetic parameters. In addition, to predict the behaviour of the
oxidation of pre-oxidized ilmenite, a mixed resistance between
chemical reaction and diffusion in the solid product was needed.

The reaction order in the main part of the reactions of pre-oxidized
and activated ilmenite with H,, CO, CH4 and O, was n=1, being
different (n=0.8) for the reaction of activated ilmenite with CO.
Activation energies from 109 to 165 k] mol~! for pre-oxidized
ilmenite and from 65 to 135 kJ mol~' for activated ilmenite were
found for the different reactions with CH4, CO and H,. For the
oxidation reaction activation energies found were lower: 11 k] mol !
for pre-oxidized and 25 kJ mol~! for activated ilmenite.

The activation process has a beneficial and strong influence on
the solids inventory needed in both the air and fuel reactor. An
analysis of the performance of ilmenite depending on the activation
degree has been done. From results showed in this work, it can be
concluded that ilmenite presents a competitive performance for its
use in CLC against synthetic oxygen carriers when it is taken into
account for the oxygen transport capacity, the moderated solids
inventory and the low cost of the material. This last issue can be
determinant for the selection of an oxygen carrier for solid fuels
combustion in a CLC system.

Nomenclature

o

average stoichiometric coefficient for reaction of solid
with reacting gas, mol metal oxide per mol of gas

d stoichiometric factor in the fuel combustion reaction with
oxygen, mol O, per mol of fuel

Ce reacting gas concentration, mol m >

Ceo gas concentration at the reactor inlet, mol m~3

C, average gas concentration in the reactor, mol m~—3

D. effective diffusivity in the product layer, molm~2s~!

Deo pre-exponential factor for effective diffusivity,
molm—2s~!

E; activation energy of the reacting mechanism j, k] mol !

ks chemical kinetic constant, mol' " m3*~2s~!

kso pre-exponential factor for chemical kinetic constant,
mol1 —n m3n—2 S—l

m instantaneous mass of the oxygen carrier, kg

m, mass of the reduced form of the oxygen carrier, kg

M, mass of the oxidized form of the oxygen carrier, kg

Mo mass of oxygen required per kg of solid fuel to full convert
the solid fuel, kg oxygen kg~ ! coal

Moc solids inventory, kg per MWy,

Moc solids circulation rate per MWy, of fuel, kg s~ per MWy,

Mo molecular weight of oxygen=16 g mol !

n reaction order

Ty grain radius, m

Tp particle radius, m

Rg ideal gas constant=8.314 J mol~'K~!

Ro,itm oxygen transport capacity of ilmenite

t time, s

& reacting time while the mechanism j controlling the
reaction is fulfilled, s

T temperature, K

Vgx,—o Vvolume of the gas mixture at X;=0, m>

Vgx,—1 Vvolume of the gas mixture at X,=1, m>

Vmproa  molar volume of reacting product, m> mol !

Vinreac ~ molar volume of reacting solid, m® mol ~!

Xg gas conversion

X; conversion of solids of the reaction i

Xenr particle conversion until chemical reaction control is
fulfilled

X modified conversion, defined by Eq. (23)

Z expansion ratio between the solid product and solid
reactive

Greek letters

AH‘C) standard combustion heat of the gas fuel, k] mol !

AX, variation of the gas conversion in the reactor

AX; variation of the solid conversion in the reactor for the
reaction i

&g coefficient of expansion of the gas mixture

@ characteristic reactivity in the reactor

Pm molar density, mol m 3

T time for complete conversion by controlling the mechan-
ismj, s

w mass based conversion

Subscripts

av average condition

chr control by chemical reaction at the solid surface

dif control by diffusion through the product layer around the
particle

in inlet

o oxidation reaction

out outlet

r reduction reaction

Abbreviation

LHV lower heating value of the solid fuel, k] kg~ !
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For a future scenery where will exist limitation for CO, emissions, chemical-looping combustion (CLC) has
been identified as a promising technology to reduce the cost related to CO, capture from power plants. In
CLC a solid oxygen-carrier transfers oxygen from the air to the fuel in a cyclic manner, avoiding direct contact
between them. CO, is inherently obtained in a separate stream. For this process the oxygen-carrier circulates
between two interconnected fluidized-bed reactors. To adapt CLC for solid fuels the oxygen-carrier reacts
with the gas proceeding from the solid fuel gasification, which is carried out right in the fuel-reactor. [imenite,
a natural mineral composed of FeTiOs, is a low cost and promising material for its use on a large scale in CLC.
The aim of this study is to analyze the behavior of ilmenite as oxygen-carrier in CLC. Particular attention was put
Oxygen-carrier on the variation of chemical and physical characteristics of ilmenite particles during consecutive redox cycles in a
IImenite batch fluidized-bed reactor using CHy4, H, and CO as reducing gases. Reaction with H, was faster than with CO,
Fuel and near full H, conversion was obtained in the fluidized-bed. Lower reactivity was found for CH,. [lmenite
increased its reactivity with the number of cycles, especially for CH,. The structural changes of ilmenite, as
well as the variations in its behavior with a high number of cycles were also evaluated with a 100 cycle test
using a CO + H, syngas mixture. Tests with different H,:CO ratios were also made in order to see the reciprocal
influence of both reducing gases and it turned out that the reaction rate is the sum of the individual reaction rates
of H, and CO. The oxidation reaction of ilmenite was also investigated. An activation process for the oxidation
reaction was observed and two steps for the reaction development were differenced. The oxidation reaction
was fast and complete oxidation could be reached after every cycle. Low attrition values were found and no
defluidization was observed during fluidized-bed operation. During activation process, the porosity of particles
increased from low porosity values up to values of 27.5%. The appearance of an external shell in the particle
was observed, which is Fe enriched. The segregation of Fe from TiO, causes that the oxygen transport capacity,
Roc, decreases from the initial Roc =4.0% to 2.1% after 100 redox cycles.

© 2011 Elsevier B.V. All rights reserved.
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1. Introduction

At present there is a general assent on the need of reducing the
emissions of the greenhouse gas CO, in order to restrain climate
change. Anthropogenic CO, is mainly generated in combustion of fossil
fuels, which are foreseen to provide about 80% of the overall world
consumption of energy for the next several decades. For the power
generation and heat supply sector, emissions were 12.7 Gt CO,-eq
in 2004, which is 26% of total CO,-eq emissions. When regarding
the energy-related CO, emissions by fuel type, coal use generated
39% of the emissions in 2004 and it is estimated that the percentage
in 2030 will rise up to 43% [1,2]. Among the different opportunities to
reduce the anthropogenic CO, emissions, the development of tech-
nologies to capture CO, from fossil fuel uses and to store it perma-
nently has been identified as a relevant option in the future, being

* Corresponding author.
E-mail address: abad@icb.csic.es (A. Abad).

0378-3820/% - see front matter © 2011 Elsevier B.V. All rights reserved.
doi:10.1016/j.fuproc.2011.10.020

the implementation of these technologies more feasible and readily
in stationary power plants.

In this context, chemical-looping combustion (CLC) is one of the
most promising technologies to carry out the CO, capture at a low
cost [3-5]. CLC is based on the transfer of the oxygen from air to the
fuel by means of a solid oxygen-carrier that circulates between two
interconnected fluidized-beds: the fuel- and the air-reactor [6]. In
the fuel-reactor the oxygen-carrier is reduced through oxidation of
the fuel. Afterwards the oxygen-carrier is directed to the air-reactor,
where it is again regenerated, as the inlet air flow reacts with the
solid. The net chemical reaction is the same as at usual combustion
with the same combustion heat released.

Important progress has been made in CLC with natural gas to date.
Several authors have successfully demonstrated the feasibility of this
process in different CLC prototypes in the 10-140 kWy, range using
oxygen-carriers based on NiO [7-10] and CuO [11].

But increasing interest is found about the application of CLC using
coal as fuel, regarding the intensive use of this fuel. There are two
possibilities for the use of the CLC technology with coal. The first
one is to carry out previous coal gasification and subsequently to
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introduce the produced gas in the CLC system [12]. In this option pure
oxygen is needed to carry out the gasification to produce syngas with
no Ny. Thus, the extra gasifier and the production of pure oxygen
would entail an additional energetic cost. Simulations performed by
Jin and Ishida [13] and Wolf et al. [14] showed that this process has
the potential to achieve an efficiency of about 5-10% points higher
than a similar combined cycle that uses conventional CO, capture tech-
nology. Several oxygen-carriers based on Ni, Cu, Fe and Mn oxides have
shown good reactivity with syngas components, i.e. H, and CO [15,16],
and the use of syngas in a CLC system has been successfully accom-
plished in 300-500 Wy, continuously operated reactors [17-21].

The second possibility for the use of coal in a CLC is the direct com-
bustion in the CLC process [22,23]. The reactor scheme of the direct
CLC process with solid fuels is shown in Fig. 1. In this option coal is
physically mixed with the oxygen-carrier in the fuel-reactor and the
carrier reacts with volatiles and the gas product of coal gasification,
where H; and CO are main components. Egs. (1) to (5) express gen-
erally the reactions that take place in the fuel-reactor, being (3) to
(5) the oxygen-carrier reduction reactions with the main products
of coal devolatilization and gasification. The oxygen-carrier is subse-
quently introduced in the air-reactor where it is re-oxidized following
reaction (6). Me,Oy and Me,Oy _ ; are the oxidized and reduced form,
respectively, of the oxygen-carrier.

Coal—Volatiles + Char

Char + H,0—CO + H,

CH, + 4Me, O, —CO, + 2H,0 + 4Me, 0, _,
H, + Me, O, —H,0 + Me, O, _,

CO + Me, O, —CO, + Me, Oy,

2Me,O, | + 0,—2Me,0,

The stream of combustion gases from the fuel-reactor contains
primarily CO, and H,0. Water can be easily separated by condensa-
tion and a highly concentrated stream of CO, ready for sequestration
is achieved. The gas stream from the air-reactor is oxygen-depleted
and consists in N, and some unreacted O,. The CO, capture is inherent
to this process, as the air does not get mixed with the fuel, and no addi-
tional costs or energy penalties for gas separation are required.

The gasification process is expected to be the limiting step in the
fuel-reactor, so the stream of solids exiting the fuel-reactor could con-
tain some unconverted char together with the oxygen-carrier. Thus,
an additional carbon stripper is necessary to separate char particles
from oxygen-carrier particles, reducing the carbon transferred from
the fuel- to the air-reactor. As a consequence of the ashes present in
the solid fuel, the draining of ashes from the system is necessary to
avoid its accumulation in the reactors. This drain stream will also con-
tain some oxygen-carrier. It is therefore expected that the active life of
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this material would be limited by the losses with the drain stream rath-
er than by its degradation.

Low cost of the carrier is rather desirable for its use with coal, as it
is predictable a partial loss together with the coal ashes when remov-
ing them from the reactor to avoid their accumulation in the system.
The use of natural minerals for this option seems to be very interest-
ing, being ilmenite an appropriate material [24-28].

As for gaseous fuels, suitable oxygen-carriers for solid fuels in the
CLC process must have high selectivity towards CO, and H,0, enough
oxygen transport capacity, high reactivity, high mechanical strength,
attrition resistance and agglomeration absence. All these properties
must be maintained during many reduction and oxidation cycles.
[Imenite has shown to be a low cost suitable material to be used for
solid fuel combustion in a CLC system. Leion et al. [29,30] analyzed the
reactivity of ilmenite in a batch fluidized-bed and ilmenite gave high
conversion of H, and CO but moderate conversion of CH,. This carrier
has been already used in both gaseous and solid fuels [24-27,31]. lImen-
ite is mainly composed of FeTiO3; (FeO-TiO,), where iron oxide is the
active phase that behaves as the oxygen-carrier. There are a few recent
studies made and a good performance of ilmenite at different levels as
oxygen-carrier in CLC has been observed. For solid fuels combustion,
the ilmenite reacted just as well as a synthetic Fe,O5-based oxygen-
carrier. They also observed a gain in the ilmenite reactivity as increasing
the redox cycles until a maximum reaction rate was reached and main-
tained with the cycles, which has been also seen and proven after
100 redox cycles in TGA for various gaseous fuels by Adanez et al.
[32], as well as when using solid fuels in batch testing [33]. Berguerand
et al. [24,25] operated a 10 kW, chemical-looping combustor using
South African coal and petroleum coke as solid fuels. They used the
same batch of ilmenite particles for about 100 h under different condi-
tions and the oxygen-carrier maintained its good properties throughout
operation. This was confirmed by Cuadrat et al. [27] in their study of the
fuel reactor and the effect of operational variables in the efficiency of the
process. The encouraging results to date obtained indicate that there is
still further research to be carried out. Besides, all research to date about
ilmenite performance as oxygen-carrier has analyzed only the reduc-
tion step.

The aim of this work is to investigate ilmenite as oxygen-carrier in
a CLC system and the effect of the number of cycles on its reactivity
with the main gases from coal pyrolysis and gasification, that is,
CH,4, CO and H,. In addition, this study includes an assessment on
the oxidation step and its changes after many redox cycles. Consecu-
tive reduction-oxidation cycles were carried out in a batch fluidized-
bed reactor using CHy4, CO and H, as reducing agents. To analyze the
activation process a characterization of the initial and reacted sam-
ples of oxygen-carrier was also done. Further fluidized-bed tests
were carried out using syngas as fuel. The structural changes of il-
menite, as well as the variations in its behavior with a high number
of cycles were also evaluated with a 100 cycle test using a H, +CO
syngas mixture. Tests with different H,:CO ratios were also made in
order to see the reciprocal influence of both reducing gases in the re-
action rate.

N2v O2<_| I_> COQ, Hzo _l__> C02
Me,(O‘L H,O(I)
Air c Fuel
reaCtOI’ |_> reactor ¢ Coal
Me,O, \
- Carbon H *Ash
T stripper T Cco,
A N e e
Air CO, H,0(v)

Fig. 1. Reactor scheme of the CLC process with solid fuels.
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2. Experimental section
2.1. Oxygen-carrier material

I[lmenite is a common mineral found in metamorphic and igneous
rocks. The ilmenite used is a concentrate from a natural ore. Fresh
particles have been exposed to thermal pre-treatment at 950 °C in
air during 24 h, since it improves its performance as oxygen-carrier
[30,31]. Table 1 shows the main properties for calcined ilmenite.
The XRD analysis of calcined ilmenite revealed that Fe,TiOs and
TiO, were the major components, with minor amount of Fe,03. The
composition of calcined ilmenite was 55.5 wt.% Fe,TiOs, 10.6 wt.%
Fe,03, 28.4wt.% TiO, and 5.5 wt.% of other inert compounds. The
crushing strength was measured by using a Shimpo FGN-5 crushing
strength apparatus. The final measure was obtained from the average
of at least 20 different measurements. The values of crushing strength
obtained for the initial ilmenite are similar to other Fe-based oxygen-
carriers [34]. Mercury porosimetry of initial ilmenite exhibits low po-
rosity development. Table 1 also shows the main properties of the so-
called activated ilmenite. They are reacted particles after several
redox cycles and undergo an increase in the reaction rate which will
be discussed later.

2.2. Batch fluidized-bed reactor

Several reduction-oxidation cycles with different reducing gases
were performed in a batch fluidized-bed to investigate the gas prod-
uct distribution and the variation of chemical and physical properties
of the ilmenite particles with the number of cycles.

Fig. 2 shows the experimental setup. It consists of a system for gas
feeding, a fluidized-bed reactor (55 mm LD.), two filters that recovers
the solids elutriated from the fluidized-bed working alternatively,
and the gas analysis system. The whole fluidized-bed reactor is inside
an electrically heated furnace. A detailed description of the apparatus
and procedure can be found elsewhere [35]. The gas feeding system
had different mass flow controllers connected to an automatic
three-way valve. This allowed the feeding of the fuel gas (mixtures
of CHy4, CO, CO,, Hy, H,0 and N;) during the reducing period and a
mixture of air and N, for oxidation of ilmenite. Nitrogen was intro-
duced between the two periods during 2 min to purge and avoid
the contact between the fuel and the oxygen. For the supplying of
the steam there is a liquid flow controller for water which is subse-
quently heated up and evaporated with a resistance heater and
swept away by the rest of the reducing gas.

The differential pressure drop in the bed is measured by means of
two pressure taps connected to the bottom and top of the reactor, and
are used to detect possible agglomeration problems in the bed. The
gas analysis system consists of several online gas analyzers. CHy, CO
and CO,, dry basis concentrations are measured using non-
dispersive infrared analysis (NDIR) and H, by thermal conductivity.
0, concentration is determined using a paramagnetic analyzer.
Water content, on wet basis is measured via Fourier Transform Infra-
red (FTIR Gasmet Cx-4000) analyzer. All data were collected by
means of a data logger connected to a computer. The gas flow disper-
sion through the sampling line and the analyzers was corrected for all

Table 1
Characterization of calcined and activated ilmenite after 20 redox cycles with CO as re-
ducing agent.

Calcined Activated

Composition by XRD Fe,TiOs, Fe,05, TiO, Fe,TiOs, Fe,0s, Fe304, TiO,

Particle diameter (pm) 150-300 150-300
True density (kg/m?) 4100 4220
Crushing strength (N) 2.2 2.9
Porosity (%) 1.2 275
BET surface (m?/g) 0.8 0.6

filters
—» stack
thermocouple
| — ——
=T =
7 Gas Analysis
CHa, H20,
CO,, CO, Hy,
)
| 02
_
|®
CH, —»<—|
H > =25
CO <
H,O >4 A
002 — = Ir
N2 >< Ng N2

Fig. 2. Experimental setup used for multicycle tests in a fluidized-bed reactor.

the measured gas concentrations in order to obtain the actual concen-
tration of the gases at the bed exit by a deconvolution method [19].

The total solids hold-up in the reactor was 500 g of precalcined il-
menite. The oxygen-carrier was exposed to alternating reducing and
oxidizing conditions at a temperature of 1173 K. The reducing condi-
tions of each experiment are shown in Table 2. 20-23 redox cycles
with CH,, CO and H; as reducing agents were performed to see the re-
action and activation process of ilmenite with the main gases in-
volved in the CLC process with coal. The behavior of the oxygen-
carrier upon different syngas mixtures was also assessed. Together
with H; and CO, both H,O and CO, were introduced to accomplish
the water-gas shift equilibrium at 1173 K. The reducing time in
these tests was 240s. A long 100 redox cycle test was performed
with one of the syngas mixtures as reducing agent. All tests, except
the CH,4 tests, accomplished that 50% of the inlet flow is a gaseous
fuel mixture and the total inlet gas velocity was 0.30 m/s.

The reducing gas flows were chosen to have the same oxygen con-
sumption. This condition was obtained by doubling the gas concentra-
tions and fluidizing gas velocity for CO and H, in reference to what
was used for CHy. The flow for CO, H, and the syngas mixtures was
300 Ly/h, which was four times the flow of the introduced CHy, 75 Ly/
h. Considering a mean particle diameter of 212 um, the minimum fluid-
ization velocity for the calcined ilmenite particles at this temperature is
2.7 cm/s and the terminal velocity is 1.7 m/s. The gas velocities were 5
and 10 times the minimum fluidization velocity, respectively.

H,0 or CO, were added to the reducing gases because in the con-
tinuous real process the fuel-reactor will be at a steam and CO,
enriched atmosphere, and also to prevent carbon formation. The ther-
modynamic equilibriums indicate that with the gas mixtures of these
experiments the ilmenite particles can get reduced further than
Fe304 + FeTiOs. Fe,TiOs in ilmenite should be reduced to FeTiO; and
Fe,03 should be only reduced up to Fe304 to reach full conversion
of the reducing gases [32].The reducing times are however short
and ilmenite was not in any case converted further than the wanted
species, i.e., no further reduction of Fe304 to FeO or Fe.

The subsequent oxidations were carried out with diluted air (10%
0,) to avoid a high temperature increase in the reactor because the
heat released during the exothermic oxidation. The oxidation period
lasted until full oxidation of the oxygen-carrier.

3. Data evaluation

The oxygen transport capacity of the ilmenite, Roc, is defined as
the mass fraction of oxygen that can be used in the oxygen transfer
and calculated as Roc = (Mox — Myeq)/Mox, Where mey and myeq are
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Table 2

Experimental conditions during reduction period in the batch fluidized-bed reactor for experiments 1 to 7. Nitrogen to balance. T=1173 K.

Exp Composition (vol.%) Gas velocity (m/s) Reducing time (s) Number of cycles Solids inventory (kg/MW,;)
1 25% CH4 4 10% H,0 0.15 300 23 670
2 50% CO + 20% CO, 03 240 20 480
3 50% H, +20% H,0 0.3 180 20 560
Exp Composition (vol.%) H,0:CO, Number of cycles Solids inventory (kg/MW,;)
4 33% Hy, +17% CO+ 13.1% H,0 4 5.2% CO, 66:34 1 260
5 21.5% Hy + 28.5% CO + 8% H,0 + 8.2% CO-, 43:57 100 250
6 14.4% H, + 35.6% CO + 10.5% H,0 + 20% CO» 28.8:71.2 1 250
7 5.3% Hy +44.7% CO + 3.2% H,0 + 20.8% CO, 10.6:89.4 1 240

the mass of the most oxidized and reduced form of the oxygen-
carrier, respectively. The oxygen transport capacity, for ilmenite is
the oxygen transferred in its reduction from Fe,TiOs+ Fe,O3 to
FeTiOs + Fe30y,, as later will be discussed.

From the gas product distribution, it is possible to know the rate of
oxygen transferred, ro(t), from ilmenite to the fuel gas in case of the
reduction reaction, and from the oxygen in the air to ilmenite in
case of the oxidation reaction, as a function of reaction time using
Egs. (7) to (10):

ForCHy : ry(t) = (Xco + 2Xco, +XH20>OU['Four_<XHzo>in'Fin (7)
ForCO : ry(t) = ("co2 )Dut'Fout_ (Xcoz>m'Fin (8)
ForH, : 1o(6) = (Xi,0) “Foue—(Xi,0), “Fin ©)
For0, : ro(t) = 2*(Xo, ) “Fou—2"(Xo,). “Fin (10)

where F;, and F,,, are the molar flows of the respectively inlet and
outlet gas streams and x; the molar fraction of the gas i.

The mass based conversion of ilmenite in the fluidized-bed, , in-
dicates only the oxygen transfer and is independent of the oxygen
transport capacity of the oxygen-carrier. It can be calculated for the
reduction and oxidation reactions as:

t
For reduction : o(t) = 1—% _[ ro(t)dt (11)
Moy tro
t
For oxidation : ®(t) = @ roq— % f To(t)dt (12)
Xtro

where M is the molecular mass of oxygen, t; o is the initial time when
the considered reaction begins and wy.q is the final conversion of il-
menite reached in the previous reduction. The experimental rate of
conversion, (dw/dt)eyp, is therefore obtained by means of Eq. (13):

(‘fj—“t’)p — mCro(t) (13)

For comparison purposes among different experiments, the oxygen
yield parameter is proposed, which gives the idea to what extend the
fuel has been oxidized at each instant of the reducing period. The oxy-
genyield, yo, is defined as the oxygen gained in the fuel for its oxidation
divided by the oxygen needed to fully oxidize the fuel, according to
Eq. (14):

Xy, +Xco + XHZ) “Fin

in

’YO(t) = (

A normalized rate index expressed in %/min was used in this study
to evaluate the reaction rates of all the gaseous fuels tested with il-
menite before and after the activation period, and also as a compari-
son parameter that has been previously used with other oxygen-
carriers for CLC. It is defined as follows [34]:

Rateindex(%/ min) = 60°100 <d_a)> . (15)
dt norm

The normalized rate was calculated from the experimental rate
considering that the order of reaction is 1 by the use of Eq. (16):

da)) (dw) Pt
— (=) e 16
(dt norm dt exp p m ( )

being P,, the mean partial pressure of the gaseous fuel in the reactor,
which is calculated with the coefficient of expansion of the gas mix-
ture &g, and the partial pressures of the gaseous fuel at the reactor
inlet and outlet, Pi, and Py, respectively, see Eq. (17) [36]. Pryis a ref-
erence partial pressure that has been used in previous studies and it is
0.15[34] and is here used to be able to compare ilmenite to other pre-
viously oxygen-carriers used.

(Pin—Pout) /
(Pi71+gg’Pout)

(Pout —Pin) &g + (1 + gg) In (Pin+5g'Puur>

(Pin ‘H:g 'Pau!) (1+88)P0Uf

4. Results and discussion
4.1. Activation and reactivity with gaseous fuels: CH4, CO and H,

The experiments carried out in the fluidized-bed reactor allow the
knowledge of the behavior of the ilmenite to oxidize CH4, CO or H,
during successive reduction-oxidation cycles. Fig. 3 shows the CO,
concentration in dry basis or H,O concentration during consecutive
reduction periods for experiments 1, 2 and 3, that is, tests using
CHy,4, CO and H, as reducing gases, respectively. The experimental con-
ditions are gathered in Table 2. The corresponding maximum CO, or
H,O0 fractions if full combustion was reached are also represented. It
can be seen that, for every tested reducing gas, there is an increase in
the percentage of CO, and/or H,0 in the product gas with the cycles
because ilmenite has a gradual gain in its reaction rate. After several
redox cycles, ilmenite reactivity stabilizes and the CO, and/or H,O con-
centrations achieve the highest values. After that, the outlet gas profiles
could be considered rather the same from cycle to cycle and thus no
further substantial activation of ilmenite was taking place. Therefore,
there is a progressive activation process with the redox cycle number.
It is noticeable the strong increase of the ilmenite reactivity with CH,.
These results are similar than those showed by Leion et al. during
redox cycles of ilmenite in a fluidized-bed using CH4 and 50% H, +
50% CO as reducing gases [29]. This was also observed by Abad et al.
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Fig. 3. Profiles of CO, or H,0 fractions in the product gas (wet basis) during consecutive
reduction periods, for a) CHg, b) CO and c) H as reducing gases. The intervals between
reducing periods have been removed. X« is the maximum CO, or H,0 corresponding
fraction if full combustion was reached. Experimental conditions are shown in Table 2.
T=1173 K.

[36], for which reaction rate of ilmenite with CH, rises about 15 times
after several redox cycles and activating.

An increase of the generated H,0 can be also seen when using H; as
reducing agent (see Fig. 3c), but the activation of ilmenite can be slight-
ly seen, since it oxidizes almost all the fuel fed in the reactor. Thus, the
reaction rate of ilmenite in the bed was limited by the H; supply.

The product gas distribution of the gases at the reactor exit was
obtained to evaluate the performance of ilmenite on the conversion
of CHy, H and CO, and its evolution with the cycle number.

As an example, Fig. 4 shows the outlet product gas distribution for
the 20th cycle for experiment 1 using CH, as reducing agent. CO, and
H,O were formed just immediately after the introduction of the
reducing gas to the reactor, but full conversion of the reducing gas
was not obtained. The ilmenite mass based conversion, o, as a function
of the reaction time is also displayed. The unconverted fuel gas
increased as the conversion increased, because the rate of oxygen trans-
ference decreased as there was continuous oxygen depletion in ilmen-
ite. For CH, combustion is noticeable that most of unconverted gas is
the selfsame CH4; and almost no CO or H, were observed. This fact
suggests that the reforming reaction of CH4 with H,O or CO, has low
relevance in this system using ilmenite as oxygen-carrier. Furthermore,
in previous studies with Fe-based oxygen-carriers, the majority of CHy
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Fig. 4. Product gas distribution in wet basis during reduction with CH, and subsequent
oxidation for the 20th cycle. Reducing gas: 25% CH, + 20% H,0. T=1173 K. N, to balance.
Oxidation: 10% O,.

converted goes to CO, and H,0, but CO and H; also appear in variable
amounts [20,31]. Thus, it can be assumed that reaction of CH, takes
place with H; and CO as intermediate products. However in this case
there was no H or CO at the outlet because the possible generated H,
and CO react faster with ilmenite than CH, and they were therefore con-
sumed. The appearance of unconverted gases during the experimental
tests did not mean that fuel gas could not be fully converted to CO,
and H,O using ilmenite as oxygen-carrier, but a higher amount of
ilmenite in the fluidized-bed reactor would be needed to fully convert
the fuel gas at the experimental conditions, i.e. temperature and gas ve-
locity. However, experiments with incomplete fuel conversion are
required to analyze the reactivity of an oxygen-carrier in fluidized-bed
experiments, so that the gas conversion is not limited by the fuel gas
supply.

After reduction, ilmenite was regenerated by oxidation with diluted
air until full oxidation of ilmenite was reached. During most of ilmenite
oxidation period, the O, outlet concentration was zero because the
oxygen was consumed by the oxidation reaction. Thus, ilmenite oxida-
tion was limited by the supply of O, to the reactor. At the end of the
oxidation period, the oxygen concentration rapidly increased until the
inlet concentration.

Similar gas profiles were found with all redox cycles, except for
differences on the fuel gas conversion with the cycle number. With
CO as reducing agent, relevant amount of unreacted CO was found
during the reducing periods. [lmenite reacted faster with CO than
with CHy, but not as fast as with H,. The conversion after 4 min of
the 20th reducing period was 0.982. That conversion meant that the
oxygen-carrier was partially reduced, as the corresponding value for
completely reduced ilmenite to FeTiOs;+ Fes0, was lower: it was
0.965. XRD of completely reduced samples confirmed that the final
species were FeTiOs, Fe,;TiO4 and Fe30,.

The reactivity of the oxygen-carrier can be seen by means of the
oxygen yield, yo. It shows the percentage of the fuel that has been
oxidized at each instant of the reducing period. Thus, Fig. 5 represents
the oxygen yield vs. ilmenite mass based conversion for selected
cycles during the activating period using CHy4, CO and H; as reducing
agents. As expected, the oxygen yield and the ilmenite mass based con-
version reached in every cycle increases with the first number of cycles,
as there is reactivity rise, and when ilmenite is active, vy, stabilized in a
maximum value. It can be seen, in the CO, and H,O profiles as well as in
the oxygen yield, that ilmenite undergoes an activation process.

The decrease seen in the oxygen yield for higher ilmenite conver-
sions is due to its gradual oxygen depletion. The oxygen yield at the
beginning of the first cycle was 10% and rose up to 56% in the twenti-
eth cycle for CH, as reducing agent. yo for CO is lower than for H,
because of the lower reactivity of ilmenite with CO, but it was higher
than for CH,, and reached values of 78%.

When using H, as reducing agent, a very low amount of uncon-
verted H, was observed throughout the reducing period. Only for
the first 3-4 cycles before the activation of the oxygen-carrier, the
reaction was limited by the H, flow introduced in the system from
the beginning of the reducing period. For later cycles ilmenite oxi-
dizes almost all the H; at the beginning of the reductions, and further
activation of ilmenite could not be seen, if happened. yo was as high
as 98% at the beginning of the reducing period when ilmenite was
activated. Ilmenite is very reactive with this gas, as it has already
been proven in several studies. The conversion at the end of the re-
ducing cycle was higher than with methane even after only 3 minute
reduction and went up to @ =0.98.

When using CHy it activated after about 20 cycles and for CO it
was faster, as it took about 10 cycles. This is in accordance with previ-
ous work carried out by Adanez et al. [32], which found that the acti-
vation of ilmenite particles is a relatively fast process, and that the
number of cycles needed to reach a roughly constant reactivity during
TGA experiments did not depend on the reducing gas used, but on the
conversion of the oxygen-carrier reached in each reducing cycle.
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Fig. 5. Oxygen yield, o, as a function of the ilmenite mass based conversion, o, for the reduction period after 20 redox cycles for reduction with CH4 (reducing gas: 25% CH4 + 20%
H,0), CO (reducing gas: 50% CO + 20% CO,) and H, (reducing gas: 50% H, +20% H,0). T=1173 K.

Iimenite had a faster activation with CO because ilmenite was further
converted in every reduction.

The reduction reactivity of ilmenite during consecutive redox pe-
riods was assessed. The representation of the normalized rate index
of ilmenite reaction before and after the activation process and for
the gases tested (see Fig. 6) showed that the reaction rate of ilmenite
increased after activation. In case of CH, the increase in the reaction
rate is greater than with the other gaseous fuels, as the rate index
raised here in batch fluidized-bed 5 times after activation. The
increase in the rate index for CO and for H, was lower as shown by
previous studies and it was about 2 times. In the rate index showed
not only the oxygen-carrier reactivity is included, but it is also influ-
enced by diffusional limitations in the fluidized bed. The intrinsic
kinetics of ilmenite was evaluated in TGA in a previous work [35].
These data obtained in fluidized bed reactor can be easier comparable
to data obtained for other oxygen-carriers in similar experiments. For
example, other iron-based oxygen-carriers previously tested in batch
fluidized-bed by Johansson et al. [34] had normalized rate index
values with CH,4 within the range of 0.4 to 4%/min. This oxygen-
carrier had a rate index slightly lower than 0.4%/min with CH, that
is, in the lower range of other synthetic Fe-based oxygen-carriers. Nev-
ertheless, the rate index for H, was calculated to be above 1.1%/min at
the start of the reduction period, which is adequate for the use in CLC
with solid fuels [33].

4.2. Reactivity with syngas

Batch experiments were also performed using syngas as fuel, since
it is actually the coal gasification product, primarily composed by H,
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Fig. 6. Normalized rate index as a function of the ilmenite mass based conversion, o, for
the reduction reactions with CH4, CO and H, with calcined and activated ilmenite.
Prp=0.15.T=1173 K.

and CO. Thus, in CLC with solid fuels syngas is the main gaseous fuel
that reacts with the oxygen-carrier, when coal is previously external-
ly gasified and the product gas is later introduced into the CLC system.
A mixture CO 4 H, is also the main reacting gas flow when coal is di-
rectly introduced in the fuel-reactor and is in situ-gasified.

100 redox cycles with syngas of composition 21.5% H; + 28.5% CO +
8% H,0 + 8.2% CO, were performed. Very little H, in the outlet gas was
seen at the beginning of the reducing cycles: about 1-2%. Likewise, the
CO content was about 2.4%. Fig. 7a represents the CO, concentration
profiles obtained and Fig. 7b shows the variation of the oxygen yield
with the solids conversion for various reducing periods from the
100 redox cycles.

When focusing only in the first 1.5 min of each reducing period, it
can be seen that the CO, and the oxygen yield increase within the first
10 cycles approximately and reach a maximum value, which is due to
the activation of ilmenite. This maximum value is maintained
throughout the cycles, which indicates that ilmenite maintains its re-
action rate and does not deactivate. This corresponded to a @ of about
0.99. Besides, the oxygen yield obtained was as high as 98%.

On the other hand, after about 1.5 min and  further than 0.99,
there was a decrease in the produced CO, and in the oxygen yield.
This was not due to a deactivation of ilmenite, but to a decrease in
the oxygen transport capacity. In previous work, Adanez et al. [32]
found that the Fe,TiOs present in the ilmenite undergoes a physical
segregation with the number of cycles and separated Fe,0Os; and
TiO, are formed, which reduce the oxygen transport capacity, Roc,
of ilmenite. This fact will be deeply discussed later. Fig. 7b shows
that the oxygen yield reached after many cycles was close to the cor-
responding 7y, for the Fe304 — FeO equilibrium.

4.2.1. Various syngas ratios

Additional redox cycles with different H,:CO ratios were also done
with the same activated ilmenite after the 100 cycles with syngas. Dif-
ferent H,:CO ratios from 100:0 to 0:100 have been tested. As well as
in the previous tests with syngas, H,O and CO, were introduced to
accomplish the water-gas shift equilibrium at 1173 K for every mixture.

In Fig. 8a the variation along the reducing cycle of the calculated
normalized rate index for H,, CO and the syngas mixtures as a func-
tion of ilmenite mass based conversion are shown. It can be seen
that the reaction rate was higher for the experiments carried out
with H, and the lower values were obtained when using only CO. A
dotted line is drawn at @ of 0.99 because it was previously seen that
until that conversion the reaction rate and oxygen yield were main-
tained constant and had maximum values that decreased when
ilmenite was further converted.

Fig. 8b represents the average rate index as a function of the frac-
tion of H, in the reducing agent, together with a dotted line, which is
a theoretical rate index calculated as sum of the rate index of H, and
CO multiplied per their corresponding fractions. It can be seen that
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the resulting reaction rates for all syngas mixtures tested matches
with the theoretical line. It can be thereby concluded that the reaction
rate for a syngas mixture can be actually calculated as the sum of both
reducing agents reaction rates.

4.3. Reactivity in oxidation

[Imenite had undergone an activation process for the reduction
reaction after a low number of cycles and depending on the conver-
sion variation reached in each cycle. The oxidation reaction is a two
step reaction [35]: the first step is controlled by chemical reaction
and the second is controlled by the diffusion. The first step of the
reaction was also fast activated after a low number of redox cycles.
Fig. 9 represents the O, profiles obtained during the first oxidation
periods in the above mentioned 100 redox cycle test performed in
the batch fluidized-bed. The oxidation gas is diluted air in N, with
10% 0,. At the beginning of the oxidation period no oxygen could
be seen in the produced gas, since it reacted with ilmenite, re-
oxidizing it. After this period, the breakthrough curve of oxygen
appeared, which is different depending on the reactivity of the bed
material [37]. The profiles show that the slope increased significantly
with the number of cycles, which was due to the activation process
and increase in the reaction rate that was later proven with TGA anal-
ysis. The activation took about 8 cycles.
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Fig. 8. a) Normalized rate index variation along the reducing cycle as a function of il-
menite mass based conversion and b) average normalized rate index as function of
the fraction of H, in the reducing gas for different H,:CO mixtures tested (see condi-
tions in Table 2). T=1173 K.

Fig. 10 shows the O, profiles for the oxidation periods, from cycles
20 to 100. The slope rose slightly with the number of cycles and it
took longer for oxygen to appear. The second step of reaction, controlled
by diffusion, appeared later for higher oxidizing conversions. This was
because of the increase in the porosity of the oxygen-carrier. When
ilmenite was completely activated for the oxidation reaction, the diffu-
sion did not control the reaction anymore.

It could be also observed that if the surface under the O, curve was
integrated, the oxygen amount taken by ilmenite with the number of
cycles was slight but gradually decreasing. That is because the ilmen-
ite was in the previous reducing period less reduced, as the oxygen
transfer capacity was gradually decreasing, as will be later discussed.

4.4. Physical and chemical changes in ilmenite particles throughout the
redox cycles

The major change with respect to the initial ilmenite was that
porosity increased substantially with the redox cycles. For the
100 cycle test using syngas as reducing agent, the initial porosity of
calcined ilmenite was measured to be 1.2%, after 8 cycles it increased
to 12.5%, after 20 cycles it was 27.5% and after 100 cycles it reached
the value of 38%.

Final BET measurements for activated ilmenite: with CH,, after
23 cycles: 0.4 m?/g; with CO, after 20 cycles: 0.6 m?/g, and with CO +
H, mixture: 0.4 m?/g. The initial calcined ilmenite had a BET surface of
0.8 m?/g. The BET surface in ilmenite in all cases and thus the
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microporosity is negligible in this material. Macropores are considered
to be bigger than 50 nm and the pore distribution shown in Fig. 11 con-
firms that the minimum pore size is about 30 nm, but as porosity
increases, the pore distribution locates in higher pore diameters and
the average pore diameter gradually increases with the number of
cycles and higher pores are formed. In order to explain this gradual
increase in porosity, a morphological characterization of samples
taken from the 100 redox cycle experiment was done by SEM.

Fig. 12 shows SEM microphotographs that confirm the low pore
development for calcined ilmenite. The final porosity after 100 redox
cycles was 38%. Throughout the reduction-oxidation cycles, there is
continuous appearance of cracks, which generate the mentioned rise
in porosity. Moreover, a gradual generation of an external layer slightly
separated from the rest of the particle which grows with the number of
cycles could be clearly observed. This space between the layer and the
core also enhances the porosity measured for the particle.

EDX analyses were done to determine Fe and Ti distributions
throughout the particles. In calcined ilmenite both distributions
were uniform, what agrees with the XRD analysis that reveals
Fe,TiOs as main component. However with the number of cycles
Fe,TiOs has been seen to undergo a physical segregation and the par-
ticle core gets titanium enriched, whereas the external part gets iron
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Fig. 10. O, profile evolution in the product gas for the oxidation period from cycle 20 to
cycle 100. Previous reducing period of 4 min (reducing gas: 21.5% H, + 28.5% CO + 8%
H,0 + 8.2% CO,) and purge with N, of 2 min. Oxidation with 10% O, and gas velocity:
23 cm/s. T=1173 K. The initial conversion ® of the partially reduced ilmenite was
about 0.975.
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Fig. 11. Pore distribution of different samples of ilmenite: calcined with porosity of
1.2%, after 8 cycles, with porosity of 12.5%, after 18 cycles with porosity of 27% and
after 100 cycles with porosity of 38%. Ilmenite samples taken after several redox cycles
in batch fluidized bed. Reductions with syngas as fuel (see conditions in Table 2).
T=1173 K.

enriched. XRD analyses to the external layer found that this region is
composed only by iron oxide, whereas XRD to the internal core
revealed the existence of TiO, and Fe,TiOs. After each cycle there is
more free TiO, in the core and iron oxide in the external shell, together
with a decrease of iron titanates. That means that there is a migration
phenomenon of iron oxide towards the external part of the particle,
where there is not TiO, to form iron titanates. Since the active phase
for a CLC application is the iron oxide, the fact that iron oxide is at the
outer part of the solid facilitates the reaction.

Initial and activated ilmenite after 20 cycles particles have rela-
tively high values of crushing strength, it varied from 2.2 N to 2.9 N.
These values for the crushing strength would be acceptable for the
use of these particles in circulating fluidized-bed [34]. Crushing
strength measures were made for fully oxidized as well as fully re-
duced samples of ilmenite activated with CO. Both samples have a
similar value for crushing strength around 2.9. However, particles
after 50 and 100 cycles show a decreased crushing strength down to
a value of 1 N after 100 cycles (Fig. 13). 1 N is a border value for the
use of a material in fluidized-bed. Nevertheless, as it was previously
stated, since there is formation of an external layer, the normal
strength under which the particles are subjected could break this
layer and not the whole particle.

4.4.1. Maximum oxygen yields and oxygen transport capacity, Roc
Several thermodynamic calculations were carried out to evaluate
the maximum oxygen yield, yo, at equilibrium conditions. Ilmenite
needs special attention due to their composition and the final oxidation
states during reduction reaction to reach full conversion of fuel gases
towards H,O and CO,. In the fully oxidized ilmenite, the iron was
found to be as Fe', either in the Fe,TiOs compound or as free Fe,0s.
Both compounds have different thermodynamic properties for the re-
duction reaction. Fe" in Fe,TiOs can be reduced to Fe' in FeTiO; via
the compound FesTiz019 [29], which corresponds to Fes0,4-3TiO,.
Table 3 shows the maximum oxygen yields at equilibrium conditions
for every step in the reduction reaction mechanism. Thermodynamic
calculations show that by reducing Fe,TiOs with CH,4, H; or CO it is pos-
sible to reach very near full combustion of fuel gas into H,0 and CO,
when it is reduced into Fe;0,4-3TiO, and FeTiOs, i.e. Yo can be consid-
ered 1 for practical purposes. Further reduction to Fe® is prevented in
a CLC system to avoid low fuel gas conversion. However, the reduction
of free Fe,03 must be limited to Fe;0,4 because further reduction to FeO
or Fe would produce low values of oxygen yield, o, and therefore, a
high increase in the equilibrium concentrations of H, and CO exiting
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Fig. 12. SEM-EDX images of cross-cut ilmenite particles a) calcined and after b) 16, ¢) 50 and d) 100 redox cycles.

from the fuel-reactor. Therefore, Fe'" should be reduced as maximum to

a mixture of FeTiO3 and Fe304 in order to get full fuel gas combustion in
a CLC system. This condition corresponds to a value for Roc of 4.0% for
calcined ilmenite. That means, if more oxygen was transferred and
therefore further conversion than & =0.96 was reached for that sam-
ple, significant amounts of Fe'' as FeO would be formed.

Adanez et al. [32] saw that ilmenite undergoes a segregation process
with the redox cycles that generates more free Fe,03 and less Fe,TiOs.
As the oxygen transport capacity for free Fe,05 is lower (Rofe203=
3.3%) than the oxygen transport capacity for Fe,03 as iron titanate
(Ro.re2ios = 6.7%), the gradual separation of Fe,03 from TiO, causes
a slight and gradual decrease of the oxygen transport capacity of
ilmenite with the cycle number.

This decrease in Roc could be clearly seen in the 100 cycle test.
Fig. 14 is a representation of the Roc measured by TGA of several sam-
ples after different number of cycles. The mass variations of the samples
were measured when reducing them with 5%H, + 40%H,0. In these
conditions it is ensured that the final reduced species are FeTiOs+
Fe304. XRD analyses of the samples were also done and semi-
quantitative analyses measured the free Fe,03 and Fe,TiOs content in
the samples. The here called “theoretical Roc” is defined as the oxygen
transport capacity that would have the ilmenite sample if the measured
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Fig. 13. Mechanical strength evolution with the number of cycles.

free Fe,03 got reduced to Fe30,4 and the Fe,TiO5 got reduced to FeTiOs.
Fig. 14 also includes the calculated values of Roc theo, Which are in
concordance with the measured Roc. The oxygen transfer capacity,
Roc, decreased with the number of cycles. The initial Roc is 4.0% and
after 100 redox cycles it was measured to be 2.1%. The main conse-
quence of ilmenite being more reactive with the number of cycles is
that with the time fewer inventories are necessary. On the other hand,
the decrease in Roc causes the need of higher solid circulating flows
between reactors.

However, the decrease in the oxygen transport capacity is not
influenced by the reducing agent used, but it depends on the extent
of conversion reached in every cycle [32]. Table 4 shows the mea-
sured oxygen transport capacity after 20 cycles for the experiments
with the gaseous fuels tested, i.e., CH4, CO and H,, as well as the aver-
age conversion o reached after every reducing cycle. In all cases
ilmenite had undergone the activation period.

If a simplified linear regression is established, the Roc in the 20th
cycle could be calculated as Roc(20th) = (37.5 - @ —36.017)-Roc,ini»
being Rocini the initial oxygen transport capacity, which for this
ilmenite was 4.0%.

The effect of ilmenite activation on the performance of a CLC system
was already investigated by Adanez et al. [32] because there is a trade-
off between the increase in reactivity and the decrease in the oxygen
transport capacity. However, the Roc values showed for initial, activated
ilmenite and after a high number of redox cycles are high enough values
to transfer the required oxygen from air to fuel in a CLC system [36].

Table 3
Maximum oxygen yields at equilibrium conditions for different reducing gases in pres-
ence of Fe,TiOs and Fe,03 at 1173 K.

Oxygen yield (yo);

Oxidized Reduced CH4 co H,
Fe,TiOs FeO-TiO, 0.9984 0.9975 0.9981
FeO-TiO, Fe +TiO, 0.3083 0.0849 0.0666
Fe,05 Fe304 1 1 1
Fe;04 Fep.0470 0.7411 0.6146 0.6748
Fep.9470 Fe 0.5235 0.3246 0.3848
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Furthermore, the performance in continuous testing showed that the
oxygen transport capacity of ilmenite decreased very little, because
the extent of conversion reached in the fuel-reactor was not high [27].

4.5. Carbon formation and fluidizing behavior

4.5.1. Carbon formation

The deposition of carbon from carbon containing gases is a
concern because it can deactivate the oxygen-carrier or diminish its
oxygen transfer. It can also cause defluidization problems. Besides, if
carbon is formed, it can be further directed to the air-reactor where
it will be burnt, being therewith the carbon capture efficiency
decreased. Carbon formations in CLC processes have been already
seen and studied with different oxygen-carriers [38,39]. There are
two possible ways of carbon formation: through methane decomposi-
tion or through Boudouard reaction. The conditions for which carbon
formation is thermodynamically possible in the CLC process depend
on the amount of oxygen added with the oxygen-carrier as well as
the temperature and pressure.

If there was carbon formation when using carbon-containing fuel
gases, i.e. CH4 and CO, there would be some CO or CO, release during
the oxidizing periods due to the oxidation of the carbon. However, no
CO and CO, were observed any time during inert or oxidation periods,
indicating that there was not accumulation of carbon during reduc-
tion periods in any of the experiments carried out.

4.5.2. Particle integrity and attrition

The attrition rate of the carriers is an important parameter to be
accounted as a criterion for using a specific oxygen-carrier in a
fluidized-bed reactor. High attrition rates will decrease the lifetime
of the particles increasing the reposition of the oxygen-carrier in the
CLC system. Particles elutriated from the fluidized-bed reactor were
retained in a filter, and were taken every 10 cycles. The loss of fines
was considered as the particles with a diameter under 40 um, because

Table 4

Measured oxygen transport capacity after 20 cycles and corresponding average con-
version o reached after the reducing cycles for the tests with CH4, CO and H, as reduc-
ing agents.

Reducing agent Roc (%) [0}
CHy 35 0.984
co 33 0.982
H, 2.9 0.98

they are the particles that could only be recovered in cyclones with
separation efficiency higher than 99% [40]. [imenite showed low
attrition rates. 100 redox cycles were done in 56 h of performance
in fluidizing conditions. Fig. 15 shows the fine attrition rate (particle
size below 40 pm) as a function of fluidization time. The initial value
of attrition at the beginning is due to the rounding off of angular
initial ilmenite particles. With the number of cycles, an external
layer was seen to be formed, as it can be seen in Fig. 12, and that
this layer is mainly composed by iron oxides. After 40 h of operation
the attrition rate stabilized to a value of 0.076%/h. Furthermore, XRD
analysis of fines showed that they are formed only by iron oxide, and
titanium oxide or iron titanates were not observed. This fact suggests
that fines are produced by an attrition process in the particle surface,
and not by the breakage of particles. There is particle rounding and
detachment of part of the external layer, but no particle
fragmentation.

4.5.3. Defluidization

The behavior of ilmenite with respect to particle agglomeration in
the fluidized-bed has been also analyzed in this work. Particle ag-
glomeration must be avoided because it can lead to bed defluidization
that causes solids circulation disturbances and channeling of the gas
stream through the bed, which turns the contact between gas and
particles less efficient. During the experimental tests, defluidization
problems were never observed. Moreover, particles extracted from
the fluidized-bed at the end of the tests did not show agglomeration
evidences. However, the extent of reduction during the experiments
was limited to @=0.98. To check if agglomeration problems could
appear at higher conversion levels, ilmenite was reduced during lon-
ger periods. The particles used were the just activated with H, from
experiment 3. Reduction time was gradually increased in successive
redox cycles. Defluidization appeared during the oxidation period
and when the mass based conversion was about 0.97. For such conver-
sions some free Fe,05; would get reduced up to FeO, regarding the ther-
modynamics. The appearance of defluidization problems by oxidation
of FeO was previously found by Cho et al. [38] for iron-based oxygen-
carriers supported on alumina. This also agrees with the fact found by
Leion et al. [29] that ilmenite presents an agglomeration risk at high
conversions. However, FeO formation in a CLC system should be
avoided because thermodynamic limitations. Furthermore, Abad et al.
[36] concluded that for the optimization of the CLC process it is neces-
sary to get to a compromise between the solids circulation and the
solids inventory. The optimum values of the conversion variation in
the fuel-reactor to get low circulation rates and low solids inventory
could be about 0.2-0.4 because higher values highly increase the solid
inventories. Therefore, agglomeration of ilmenite particles is not
expected at these conditions if ilmenite reaches a high oxidation degree
in the air-reactor.
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Fig. 15. Fine attrition rate (particle size below 40 um) as a function of fluidization time.
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5. Conclusions

The activation process of ilmenite through consecutives redox cycles
in a fluidized-bed reactor has been analyzed. CH,4, H, or CO was used as
reducing gases. [lmenite increased its reactivity with the number of
cycles, especially for CHy4. [lmenite activation process depended on
the reduction conversion reached in every cycle, being faster activat-
ed when the conversion was higher. Reaction with H, is faster than
with CO, and near full H, conversion was obtained in the fluidized-
bed reactor. Lower reactivity was found for CH,4 being CH, the
most unconverted gas. In this case, negligible amounts of H, or CO
were observed, indicating that CH,4 reforming reaction has low rele-
vance in this system.

For all gaseous fuels tested the reaction rate was maximum and
constant at the beginning of the reducing period until an ilmenite
mass conversion of about 0.99 and that this value did not decrease
for a high number of redox cycles, i.e., 100 cycles. For a conversion
further than 0.99, there was a decrease in the oxygen yield that was
not due to a deactivation of ilmenite, but to a decrease in the oxygen
transport capacity with the redox cycles. The oxygen yield reached
after many cycles was close to the corresponding for the Fe;04 — FeO
equilibrium.

For mixtures with different H,:CO ratios it was seen that reaction
rate for a syngas mixture can be calculated as the sum of both reduc-
ing agents reaction rates.

The oxidation reaction was also studied. For a conversion of 0.975
in the previous reduction periods, the activation in the oxidation re-
action took about 8 cycles. The second step of reaction, controlled
by diffusion, appeared later and for higher oxidizing conversions for
higher number of cycles and when ilmenite was completely activated
for the oxidation reaction, the diffusion did not control the reaction
anymore. This was because of the increase in the porosity of the
oxygen-carrier. The oxidation reaction was fast and fully oxidized
ilmenite was reached in every cycle. With the number of cycles the
oxygen amount taken by ilmenite was slight but gradually decreasing
because of the decrease in the oxygen transfer capacity.

Structural changes on the ilmenite particles after activation were ob-
served. Initial ilmenite particles had low porosity of 1.2% and the poros-
ity of the particles after 100 cycles increased up to 38%. The appearance
of an external shell in the particle was observed, which is Fe enriched.
As activation proceeds the reactivity increased, but the oxygen trans-
port capacity decreased due to the appearance of free Fe,0s in the
external shell. Thus, the initial Roc value is 4.0% and it decreased until
2.1% after 100 redox cycles. A relation between the oxygen transport
capacity decrease and the extension of reduction was calculated.

Low attrition values were found during fluidized-bed operation,
and no defluidization was observed for typical operating conditions
in a CLC process.

Nomenclature

CLC chemical-looping combustion

F; molar flow of the inlet gas stream (mol/s)

Fout molar flow of the outlet gas stream (mol/s)

Me,O, oxidized form of the oxygen-carrier

Me,Oy _ ; reduced form of the oxygen-carrier

Mo molecular mass of oxygen (kg/mol)

Moy mass of the most oxidized form of the oxygen-carrier (kg)
Myred mass of the reduced form of the oxygen-carrier (kg)

P;n, Poye partial pressures of the gaseous fuel at the reactor inlet and
outlet, respectively

Pn mean partial pressure of the gaseous fuel in the reactor
Pref reference partial pressure

ro(t) rate of oxygen transferred (mol O/s)

Roc oxygen transport capacity of the oxygen-carrier

Roc theo theoretical oxygen transport capacity of the oxygen-carrier
T temperature (K)

tro initial time when the considered reaction begins (s)

Xi molar fraction of the gas i

Xinax maximum CO, or H,O corresponding fraction if full com-
bustion was reached

£g coefficient of expansion of the gas mixture

Yo oxygen yield

(0] mass based conversion of ilmenite in the fluidized-bed

Ofred final conversion of ilmenite reached in the previous reduction
(dw/dt)ey, experimental rate of conversion (kg O/(s-kg oxygen-
carrier))
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Abstract

The Chemical-Looping Combustion of coal in the reactor system has been proposed as
an interesting option to process a solid fuel in a CLC system. In this process, a solid fuel
is directly fed to the fuel reactor in a CLC system. Solid fuel pyrolysis, char gasification
and oxidation of gaseous products by reaction with the oxygen-carrier are the main
chemical processes happening in the fuel reactor. The aim of this study is to analyze the
performance of ilmenite as oxygen-carrier for CLC of coal regarding to the conversion
of gaseous products from char gasification. Successive reduction-oxidation cycles were
carried out in a fluidized bed using bituminous coal char as reducing agent. The changes
on chemical and physical properties of ilmenite particles were determined. An
activation process of ilmenite through the redox cycles was evidenced which was
justified by an increase of porosity. The results showed that the activation for ilmenite
reduction reaction was completed after 7 redox cycles. However, the oxidation reaction
rate was increasing still after 16 redox cycles because the porosity was not fully
developed. The gasification reaction rate and the ilmenite reactivity were analyzed. The
effect of ilmenite itself and the influence of the gasification agent, i.e. H,O, CO, or
H,O/CO, mixtures, and temperature on the gasification rate were evaluated. Limited use
of CO; in the fluidizing gas was identified in order to maintain high gasification rates.
Higher temperature improved the char gasification rate, mainly using steam as
gasification agent, and the combustion efficiency of the gasification products.
Nevertheless, the effect of temperature on the combustion efficiency was of lower
relevance than that on the gasification rate. Finally, a theoretical approach was
developed to easily evaluate the conversion of char in the fuel-reactor by gasification.
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1. Introduction

According to the Intergovernmental Panel on Climate Change (IPCC) [1], “most of the
observed increase in global average temperatures since the mid-20" century is very
likely due to the observed increase in anthropogenic greenhouse gas concentrations”.
There is therefore a broad acceptance by scientists of the link between greenhouse-gas
emissions and global climate change. As the use of fossil fuels in energy generation
represents about 65% of global anthropogenic greenhouse-gas emissions [2], actions
geared to reduce emissions from fossil fuel combustion are necessary. The intensified
use of coal would substantially increase the emissions of CO, unless there was very
widespread deployment of carbon capture and storage [3]. Carbon dioxide capture is
generally estimated to represent three-fourths of the total cost of a carbon capture,
transport and sequestration system. Among the different capture concepts, Chemical-
Looping Combustion (CLC) is one of the most promising technologies to carry out the
CO,, capture with low cost and small efficiency loss.

CLC is based on the transfer of the oxygen from air to the fuel by means of a solid
oxygen-carrier. CLC technology has been widely proven using two interconnected
fluidized beds: the fuel reactor and the air reactor [4]. In the fuel reactor the fuel is
oxidized through reduction of the oxygen-carrier. The oxygen-carrier is transported to
the air reactor where is regenerated by oxidation with air. The stream of combustion
gases from the fuel reactor contains primarily CO, and H,O. Water can be easily
separated by condensation and a highly concentrated stream of CO, ready for
compression, transport and sequestration is achieved. The gas stream from the air
reactor is oxygen-depleted and consists only in N, and some unreacted O,. Thus, N, in
air is not mixed with the combustion gases and inherent separation of CO, from other

gases is performed with no costs or energy penalty for gas separation.

Chemical Looping Combustion (CLC) with gaseous fuels has been developed in the last
few years, but using CLC with solid fuels has shown to have recently a great interest

[5]. The use of coal in CLC is very attractive in future sceneries with restriction in CO,
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emissions, since coal will keep on being a main energy source in the medium-term. One
option for CLC with solid fuels is directly to introduce coal in the fuel-reactor, which is
fluidized by a gasification agent [6-9]. The reactor scheme of Chemical-Looping
Combustion of solid fuels is shown in Fig. 1. In this technology coal is physically mixed
with the oxygen-carrier in the fuel reactor where H,O and/or CO; are used as fluidizing
gas and gasifying agent. Thus, different processes are happening simultaneously in the
reactor: (i) the pyrolysis and gasification of coal, where CO and H, are the main
product, proceed according reactions (1-3); and (ii) the reaction of volatiles and
gasification products with the oxygen-carrier to give CO, and H,O, according reaction
(4). The oxygen-carrier reduced in the fuel reactor, Me,Oy.1, is transferred to the air
reactor where reaction (5) with oxygen from air takes place. Thus the oxygen-carrier is
regenerated to start a new cycle. The net chemical reaction is the same as usual

combustion with the same combustion enthalpy.

Coal — Volatile matter + Char 1)
Char + HLO — H; + CO (2)
Char + CO, — 2CO (3)
n MeOy + H,, CO, Volatile matter (e.g. CHs) — nMe0Oy.1 + CO,; + H0O 4)
MexOy.1 + 20, — MeOy (5)

The gasification process is expected to be the slower step in the fuel reactor, thus the
mean residence time for char particles in the fuel reactor should be higher than for
oxygen-carrier particles. To increase the mean residence time of char and to avoid
unreacted carbon entering the air reactor, the char particles can be separated from the

oxygen-carrier in a so-called carbon stripper and re-introduced to the fuel reactor.

The possibility of using the CLC technology for solid fuels has been showed at
laboratory scale using different oxygen-carrier materials —e.g. Cu- or Fe-based
particles—, and different solid fuels —e.g. coal, biomass, solid wastes, pet-coke— [7-10].
After the encouraging results obtained at laboratory scale, the feasibility of the CLC
process for solid fuels in a continuously operated prototype was proven by Berguerand
and Lyngfelt [11-12] using ilmenite as oxygen-carrier. A carbon stripper was designed
between the fuel reactor and the air reactor to increase the residence time of char

particles in the fuel reactor. Due to the characteristics of this facility, the volatiles do not
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get in contact with oxygen-carrier particles. Thus, only the conversion of gases from
steam gasification (CO and H;) was analyzed. The importance of using high
temperatures in this process was acknowledged [13] in order to have high conversion of
the solid fuel to gases into the reactor. Also the effect of the mean residence time of char
particles —determined by the solids circulation flow-rate— on its conversion in the fuel
reactor was analyzed [14]. A higher circulation of solids reduced the mean residence
time in the reactor and thus a lower efficiency of gasification was obtained. In general,
high carbon capture efficiencies can be reached (82-96%) [11]. However, some fraction
of unconverted gases (CO and H,) were obtained in the outlet stream, which demanded
about 5-7% of the total oxygen necessary to burn coal to CO; and H,O when the fuel
reactor temperature was 1000°C [13]. Furthermore, Cuadrat et al. [15] investigated the
effect of operating conditions such as temperature and coal particle size on the
combustion efficiency as well as on the extent of gasification in a continuous CLC rig.
In this case, volatiles were generated inside the bed. Values for the oxygen demand of
gases from 5% to 15% were found in all the experimental work, mainly due to
unconverted CO and H, coming from devolatilization process. Nevertheless, the char
gasification and combustion reactions are faster and promoted at higher temperatures.
They concluded that high carbon capture efficiencies are expected to be obtained, as

well as high combustion efficiencies, especially at temperatures higher than 950°C.

Most of the works involving CLC with solid fuels indicate that gasification is probably
the rate-limiting step. Thus, in order to analyze the efficiency of carbon capture in a
CLC system with solid fuels, the attention has been usually put on the reactivity of char
gasification [10-19]. Some works have related the solids inventory in the fuel reactor to
the reactivity of solid fuel. Thus, the residence time will be larger if a less reactive coal
is used, and higher the needed solids inventory [20]. However, this fact is only true
when the mean residence time of oxygen-carrier particles was the same order of
magnitude than those for char particles. If a carbon stripper is used —as it was showed in
Figure 1- the residence time of char particles in the fuel reactor can be increased

without the need for increasing the oxygen-carrier inventory.

Nevertheless, to evaluate the performance of the fuel reactor in the CLC process with
solid fuels, the reactivity of the oxygen-carrier must be also considered in addition to

the gasification reactivity. Thus, the gasification kinetics and the reaction kinetics of
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oxygen-carrier particles with reducing gases were considered by Brown et al. when they
modelled the gasification and chemical-looping combustion of a lignite char in a
fluidized bed of iron oxide particles [18]. The fraction of gases from coal gasification
being converted to CO, and H,O by the oxygen-carrier greatly depended on the oxygen-
carrier reactivity. A more reactive oxygen-carrier gives higher conversion of gases to
CO; and H,0 [21]. Nevertheless, unconverted CO, H,, and CH4 were found in the outlet
gas even though highly reactive Ni-based materials were used. Unconverted gases come
from both volatiles and gasification products [22,23]. Unconverted gases from
gasification products are believed to be due to the characteristics of the char—oxygen-
carrier mixing. Char gasification takes place throughout the fluidized-bed reactor. The
gasification taking place in the upper part of the bed generates CO and H, which have
not enough time to react with oxygen-carrier particles. So, some unconverted gases are
expected to exit from the fuel reactor. This behaviour is fully different from the
conversion of a fuel gas introduced at the bottom of the fluidized-bed reactor, where the
fuel is gradually converted in the bed [24].Thus, to evaluate the conversion of a solid
fuel in a CLC system for solid fuels, both the reactivity of char gasification and oxygen-
carrier material must be considered, in addition to the particular char—oxygen-carrier

mixing pattern in the reactor.

A key factor for the CLC technology development is the oxygen-carrier material.
Suitable oxygen-carriers for a CLC process must have high reactivity during reduction
and oxidation, high attrition resistance and agglomeration absence. Low cost of the
material is rather desirable for its use with coal, as it is predictable a partial loss together
with the coal ashes when removing them from the reactor. Natural minerals are
therefore very interesting materials for this purpose. In this context, ilmenite was
identified by Leion et al. [25] as oxygen-carrier for solid fuels, proving to be an
appropriate material for this scope. llmenite showed good fluidizing properties and only
agglomeration problems were observed if ilmenite particles were reduced to a high
extent, which is not expected at the CLC process. They also show a thermodynamic
analysis showing that Fe** and Fe®* can be involved during the redox cycles in a CLC
system whereas the fuel gas can be fully oxidized into CO, and H,O. Thus, Fe,TiOs (i.e.
Fe,03-TiO,) is the oxidized form, whereas FeTiOj3 (i.e. FeO-TiO,) is the reduced form

when ilmenite is used in CLC. Thus, the main reduction reactions, i.e. with H,, CO or



CH, as reducing agents, proceed according reactions (6-8) and subsequent oxidation as

reaction (9).

Fe,TiOs + TiO, + H, — 2FeTiO3 + H,0 (6)
Fe,TiOs + TiO, + CO — 2 FeTiO; + CO, )
4 Fe,TiOs + 4TiO, + CHs — 8FeTiO; + CO, + 2 H,0 (8)
4 FeTiO; + O, — 2 Fe,TiOs + 2 TiO, 9)

As for the reactivity, the reaction rate is quite high with syngas, and moderate with CH,4
[19,25,26]. Although ilmenite has initially a rather low reactivity to be used as oxygen-
carrier, it undergoes an activation process after several redox cycles, being its reactivity
remarkably increased for H,, CO and CH, as reacting gases [26]. From a comparison
among different iron oxide based minerals as well as oxide scale residues from the steel
industry [27], ilmenite looks as a material highly reactive and adequate for its use as
oxygen-carrier for CLC with solid fuels. In addition, natural ilmenite showed
comparable reactivity with synthetic Fe,O3/MgAl,O, particles with different solid fuels
[17,21].

IImenite has been tested with solid fuels in batch tests and in continuously operated
prototypes. In a batch fluidized-bed reactor, Leion et al. [20] found that ilmenite
enhances the gasification rate of coal because the presence of oxygen-carrier particles
reduces the fraction of H; in the bed, which has an inhibitory effect on the gasification.
This fact has been observed as much for steam gasification as for CO, gasification using
different oxygen-carrier materials [10,18]. Thus, the char gasification rate is increased
as the inhibitor gas (H, or CO) decreases its concentration in the reactor because of the
reaction with the oxygen-carrier. The char conversion is related to the reactivity of solid
fuel particles [28], being the nature of the oxygen-carrier of lower relevance [20,21]. In
addition, the type of fluidizing gas —which acts also as gasifying agent— and reacting
temperature have a great influence on the char gasification. Thus, the fuel conversion
was reduced when H,O was replaced by CO, [29], but it was increased with the
temperature [12,19,20]. The ilmenite material was also tested in continuous CLC
systems. The good conversion of syngas using ilmenite has been showed in dual
fluidized bed CLC systems [19,30]. The performance of ilmenite in the 10 kWy,

continuous CLC system was analyzed with various solid fuels [11-13]. They concluded
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that the low tendency for attrition or agglomeration of this material and its low market

price make it an interesting option for use in CLC with solid fuels.

H, and CO from char gasification can account for a relevant oxygen demand in
unconverted gases. Moreover, non-gasified char can pass to the air reactor, so losing
carbon capture efficiency. Thus, the char gasification process and subsequent oxidation
of H, and CO by the oxygen-carrier is an important issue to be considered in the CLC
process. This work investigated the performance of ilmenite as oxygen-carrier in CLC
for solid fuels through the reduction-oxidation cycles when using coal as fuel.
Specifically, the conversion of char particles and the subsequent oxidation of
gasification products with ilmenite were analyzed. Coal char was used as reducing
agent, thus avoiding complex interpretation of the results due to volatiles conversion

when coal is fed to the reactor.

The activation process of ilmenite particles was investigated when repeated redox
cycles using coal char as reducing agent were carried out. Ilmenite activation with a
solid fuel was compared to previous activation carried out by gaseous fuels. In addition,
the effect of operating conditions (temperature, gas composition) on the char conversion
and combustion efficiency of gasification gases were analyzed. Results here obtained
will be later used to describe the effect of the char—oxygen-carrier mixing on the
combustion efficiency by using a simplified reactor model, and to propose a way to
optimize the solids inventory in a CLC system for solid fuels.

2. Experimental

2.1. Oxygen-carrier: ilmenite

IImenite is a common mineral found in metamorphic and igneous rocks. The ilmenite
used in this work is a concentrate from a natural ore from Norway with a purity of
94.3%. llmenite particles are mainly composed of FeTiOs, TiO, and Fe;Os. This
ilmenite has shown good reactivity and excellent properties from both TGA and batch
fluidized bed testing [17,20,25,26]. It has also been tested with solid fuels in

continuously operated facilities [11-15].



As starting material, pre-oxidized ilmenite particles were used in this work. They were
obtained by exposing fresh particles to a thermal pre-treatment at 950°C in air during 24
hours. The pre-oxidation was considered in order to get ilmenite in its most oxidized
state [25], to improve properties and initial reaction rates [26], and to avoid
defluidization problems [30]. The main properties for pre-oxidized ilmenite are showed
in Table 1. The composition of pre-oxidized ilmenite was 54.7 wt.% Fe,TiOs, 11.2
wt.% Fe,03, 28.6% TiO, and 5.5 wt.% of other inert compounds, mainly MgSiOs. Thus,
the Fe:Ti molar ratio was around 1:1. In the fully oxidized ilmenite, the iron was found
to be as Fe®', either in the Fe,TiOs compound or as free Fe,Os. However, in the CLC
process pseudobrookite (Fe,TiOs) and hematite (Fe,Os) are reduced to ilmenite
(FeTiO3) and magnetite (Fe30,), respectively. Rutile is considered to be an inert. Higher
reduction prevents the complete conversion of the fuel to CO, and H,O because
thermodynamic constrictions (Leion et al., 2008b). Thus, the oxygen transport capacity
of ilmenite, Roiim, Was defined as the oxygen transport capacity useful for CLC, being

calculated as

m, —m
m

0

Ro.im = : (10)

being m, the mass of the most oxidized form of the oxygen carrier, and m, the mass in
the reduced form, i.e. a mixture of FeTiO3 and Fe30..

2.2 Solid fuel: coal char

The fuel used was char coming from a devolatilized South African coal, which is, as for
the ASTM, classified as medium volatile bituminous coal. To produce the char, batch of
500 g of coal particles were devolatilizated in a fluidized-bed reactor. The reactor was
fluidized by N, and it was heated up from room temperature to 900°C with a
temperature ramp of 20°C/min and afterwards cooled down. Since the gas velocity
increases with the temperature, the N, flow was correspondingly reduced as the
temperature increased to ensure bubbling bed conditions and to avoid elutration of
particles. The proximate and ultimate analysis of the obtained char is shown in Table 2.
The particle size of char was in the range 100-200 um, and the density of the particles
was about 1000 kg/m®.



2.3 Experimental setup: fluidized-bed reactor

The experimental work has been carried out in a setup consisting of a system for gas
feeding, a solid fuel feeding system, a fluidized-bed reactor and the gas analysis system.
A schematic layout of the laboratory setup is presented in Fig. 2. The fluidized-bed
reactor -55 mm D.l. and 700 mm height— is electrically heated by a furnace, and had a
preheating zone just under the distributor plate. The temperature inside the bed was
measured and used to control the reaction temperature. The reactor had pressure taps in
order to measure the absolute pressure in the bed and pressure drop. Agglomeration and
defluidization problems could be detected by a sharp decrease in the bed pressure drop
during operation. The pressure tap was also useful to detect possible blocking in the

downstream pipes due to elutriated particles or tar condensation in cold points.

The reactor was loaded with 400 g of ilmenite with a particle size of +150-300 um. In
some tests silica sand (200-400 um) was used instead of ilmenite. The feeding of the
solid fuel was done by means of a fuel chute which ends 3 cm above the distributor
plate and about 5-6 cm below the upper level of the fluidizing particles. So, char
particles are fed inside the fluidized bed. The upper part of the chute has a valve system
that creates a reservoir in which the fuel is placed and later pressurized by nitrogen to

ensure quick char feeding.

The gas feeding system had different mass flow controllers connected to an automatic
three-way valve. In this way, it was possible to feed alternatively air, nitrogen or a
mixture of steam/CO,. The steam was obtained by evaporation with a resistance heater
of a known water flow supplied by a peristaltic pump. Different gas analyzers
continuously measured the gas composition at the reactor exit after water condensation.
CO, CO; and CH4 dry basis concentrations were determined using non-dispersive
infrared analysis (NDIR) and H; by thermal gas conductivity. The O, concentration was
determined in a paramagnetic analyzer. As in most of cases gas is mainly composed by
steam, a downstream N, flow of 90 Ly/h is introduced to ensure a continuous dry gas
flow feeding the analyzers. This nitrogen is also later used to calculate the total outlet

gas flow by a nitrogen balance.



2.4. Experimental procedure

The experimental work has been carried out in the fluidized-bed reactor above described
at temperatures between 900 and 1000°C. The reactor was loaded with 400 g of ilmenite
particles and they were exposed sequentially to reducing and oxidizing conditions.
During reduction periods, char was used as fuel whereas the reactor was fluidized with
steam, CO, or steam/CO, mixtures, which also acted as gasification agent. After every
reducing period, ilmenite particles were fully re-oxidized with air before starting a new
cycle. Between the reducing and oxidizing periods a N, flow was also introduced during
2 min to purge the system. The total fluidizing flow was 200 Ln/h, which corresponds to

a gas velocity of 0.1 m/s at 900°C in the reactor.

During the reducing periods, batch loads of South African coal char were fed to the
reactor through the solids feeding system. Char particles were fed by valve v1 to a small
reservoir placed in the upper part of the fuel chute, see Fig. 2. After that, the deposit was
over-pressurized 1 bar with N, by valve v2. Once the reservoir was pressurized, valve
v2 was closed and v3 was opened and quickly closed. Then, char particles fall to the
fluidized bed through the fuel chute as the reservoir is unpressurized. Thus, it was
ensured that char particles were forced to enter to the fluidized bed, whereas a

continuous flow of nitrogen through the fuel chute is avoided.

Two series of experiments were performed. The first tests were done to evaluate the
evolution of the reaction rate of ilmenite particles with the cycle number. In this case,
the reducing periods consisted in introducing 2 loads of char —1.5 g each load- using
steam as fluidization gas at 900°C. A previous series of tests were done introducing char
loads with different weight of fuel. The loads of 1.5 g resulted to be the loads with
highest char quantity that could be fed with no major fuel entrainment. Every load was
left till char gasification was complete. Thus, the evolution in the ilmenite reactivity was
evaluated in successive redox cycles. Reduction-oxidation cycles were made until it
could be considered that ilmenite had reached a constant reaction rate. Once ilmenite
was activated and for the second series of experiments, a load of 1.5 g of South African
coal char was introduced in the reactor in every reduction period. The reduction periods
were 1800 s. The oxidation periods necessary for complete oxidation varied between

600 and 1800 s. The effect of temperature and gas composition on the reaction rates of
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gasification and subsequent combustion of gasification products was analyzed, as well
as the role of ilmenite during char gasification. The oxygen carriers were exposed to a

total number of 50 reduction/oxidation cycles.

SEM pictures of the different samples, XRD analysis, as well as Hg porosimetry were
carried out to see the changes undergone in the physical properties of ilmenite after
various cycles when using a solid fuel as reducing agent. In addition, the reactivity of
ilmenite particles during the activation period was analyzed by TGA experiments using
5 vol.% H, at 900°C.

3. Data evaluation

To analyze the performance of ilmenite during char gasification and combustion of
gasification products, a mass balance to carbon, hydrogen and oxygen was done from
the concentration of CO,, CO, H, and CH,4 analyzed in every experimental condition.
The molar gas flow of each component exiting the fuel reactor, F;, is calculated as:

I:i = I:out Vi (11)
y; being the molar fraction of the component i (CO,, CO, H, or CHy) in the product gas.

The total dry basis outlet flow, Fo, can be calculated by using the downstream

introduced N flow, F .

F

F = N 12
N (12)

The rate of char conversion, rc(t), was calculated from a mass balance to carbon in

gaseous form in the reactor.

e H= (yco2 + yco) Fou — FCOZ,in (13)
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Methane was not considered in the carbon balance because it was not detected in any
case. The evolution of char conversion, Xchar, With time can be calculated by integrating
Eq. (13).

1
><char (t) =

AL (14)

C,char
Nc char being the mol number of carbon fed into the reactor.

The instantaneous rate of conversion of the char, rcins, IS calculated as the rate of

gasification per the amount of non-gasified carbon that is still in the reactor.

e (t)
t
NC,char - IO fe (t)dt

e inst t)= (15)

In addition, from the gas product distribution, it is possible to know the rate of oxygen
transferred from ilmenite to the fuel gas, ro(t), which can be calculated by means of the

following oxygen balance:
o 0= Foz,out - FOZ,in = [Fout (zyco2 + yco) - ZFCOZ,in :' +[FH20,0ut - FHZO,in] (16)

Note that in the experiments where CO, is fed to the reactor, the amount of CO,
generated is represented and calculated by subtracting the inlet flow of CO,. Regarding
the ultimate analysis it can be seen that the hydrogen and oxygen in the fuel used is
negligible, and it was not considered in the mass balances, see Table 2. The flow of
water at the reactor exit was calculated considering that the flow of hydrogen either in

Hz or H20 comes only from introduced steam, F,, ;.. The hydrogen coming from char

moisture was considered to be negligible.
FHZO,out = FHZO,in — Fou Yh, (17)
Thus, equation 13 can be reduced to:
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I (t)= Fout (Zyco2 *+Yeo = Yh, )— ZFCOZ,in (18)

The conversion of ilmenite, X,eq, in the fluidized bed for reduction reaction can be

calculated from the integration of ro(t) with time:

1

Xred (t) = N
O,ilm

j; K, ()dt (19)

No.im being the molar amount of oxygen in ilmenite active for CLC process, calculated
as

mo I:zo,ilm

No,i|m = M

(20)

0]

Finally, the conversion of gasification products, i.e. CO and H,, to CO, and H,O by
reaction with ilmenite particles was evaluated using the combustion efficiency, n.. The
combustion efficiency is defined as the oxygen gained by the fuel for its oxidation
divided per the oxygen needed to fully oxidize the fuel. Here, the combustion

efficiency, n, is calculated with Eq. (21).

O
2r.()

n.(t) (21)

4. Results and discussion

In a previous work, an activation process of the ilmenite was observed when using
gaseous fuels as reducing agents [26]. The activation process happened during ilmenite
exposition to consecutive redox cycles. As activation proceeds, the reactivity increases
but the oxygen transport capacity of ilmenite, Roim, decreases because of the
appearance of free Fe,Os;. After the activation period, reactivity of ilmenite was
maintained roughly constant. Thus, prior to analyze the performance of ilmenite on

gasification of char and subsequent combustion of gasification products, the activation

13



of ilmenite was carried out by doing consecutives redox cycles using char as fuel in the
reduction period. After that, tests were carried out using the previously activated

ilmenite varying the reaction temperature and the composition of the fluidizing gas.

4.1. Activation of ilmenite with coal char

In the first series of experiments, 16 consecutive redox cycles in batch fluidized bed
were carried out using pre-oxidized ilmenite as starting material. Steam was used as
fluidizing gas. Every reduction period consisted of two consecutive loads of 1.5 g of
char. After the reduction period, the bed material was oxidized by air. The second load

in the same period was fed to get further reduction of the oxygen carrier.

Figs. 3a), 3b) and 3c) show the evolution in the flow of CO,, CO and H, corresponding
to the initial 10 redox cycles. No CH,4 was observed during any test, since the volatile
matter content in the fuel is negligible and no methane was generated at these
conditions, e.g. by methanation of hydrogasification reactions. Just after introducing the
char load, the concentration of CO,, CO and H, had their maximum values and then
decreased over time. This fact is evident as there was less remaining char in the reactor.
In addition, the second loads showed similar profiles than the first ones. Differences can
be attributed to experimental error. The final conversion of ilmenite after the reducing
period was lower than 12 % in all cases, which are quite low and therefore no oxygen
depletion effect in the ilmenite was seen. When the effect of consecutives redox cycles
on the concentration of gases is analyzed, it can be seen that there is an increase in the
production of CO, and a decrease in the gasification products (H, and CO) in the
product gas with the cycles. After several redox cycles the CO, concentration achieves
the highest value and no further substantial increase on CO; concentration or decrease
on CO or H, concentration was observed. It seems that an activation process was
happening, where the reactivity of ilmenite was increased, and the gas conversion of CO
and H; to CO, and H,O was increased during the initial 6 or 7 cycles. After that,
ilmenite reactivity stabilizes and no further substantial increase in gas conversion was

taking place.

To confirm the activation process, reactivity of ilmenite samples withdrew from the

reactor after 1, 3, 7, 10, 13 and 16 cycles was determined by thermogravimetric
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analysis. The conversion vs. time curves obtained from TGA experiments are shown in
Fig. 4. For comparison purposes, the conversion curves for pre-oxidized and fully
activated ilmenite are also shown. The conversion curve for fully activated ilmenite was
taken from activated ilmenite after 20 cycles using H; as reducing gas, as it was shown
in a previous work [26]. The conversion during reduction reaction, Xq, and oxidation
reaction, Xox, were determined from the mass variation of solid samples in TGA by

using Eqgs (22) and (23), respectively.

X g =— 22

e RO,ilmmo ( )

Xy = ot (23)
RO,iImmo

m being the instantaneous mass of the solid sample as the reaction proceeds.

For the reduction reaction, it can be seen in Fig. 4a) that the reaction rate mostly
increases during the initial redox cycles. After one cycle, the reactivity increase is very
important, and ilmenite can be considered activated after 7 cycles. On the contrary, for
oxidation the activation process is slower than for reduction, see Fig. 4b). Indeed,
ilmenite is not completely activated after 16 redox cycles for the oxidation reaction. In a
previous work [31] it was determined that oxidation reaction proceeds in two
consecutives steps: the first one controlled by chemical reaction and the second one
controlled by diffusion of gases in the product layer. The second step is influenced by
the porosity of the solid, and the conversion which the product layer diffusion begins to
control the reaction rate increases with the particle porosity. Thus, porosity of the
ilmenite samples were determined by mercury porosimetry. Samples for ilmenite after
1, 3, 7,10, 13 and 16 cycles have, respectively, porosities of 2, 3.8, 5.9, 8.5 and 12.6%.

However, the porosity for a fully activated particle was 27.5%.

The two steps above described in the oxidation reaction can be clearly seen in Fig. 4b).
The reactivity of the first step was maintained roughly constant in all cases, but the
conversion at which the controlling mechanism is shifted increases with the cycle

number, i.e. as the porosity of ilmenite particles increases.
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To observe changes in the solid structure throughout consecutives redox cycles, a
morphological characterization of several samples was performed by SEM. Fig. 5
shows SEM images of pre-oxidized particles and after 3 and 13 cycles. Pre-oxidized
ilmenite shows a granular structure with little porosity development. There is a
continuous development of porosity as well as the granulation is enhanced during redox
cycles. The development of the granular structure and porosity leads to a reactivity
increase with the cycle number. These observations follow the same pattern as when

using gaseous fuels [26].

Furthermore, the possible variation in the oxygen transport capacity of ilmenite, Ro jim,
with the cycle number has been analyzed. The oxygen transport capacity of several
samples withdrew from the reactor after 1, 3, 7, 10, 13 and 16 cycles was measured with
TGA at 900°C using 5 vol.% H, and 40% H,O in the reacting gases. At this condition,
iron compounds in the fully reduced sample appear as FeTiO3 or Fe3Qy, i.e. the oxygen
transport capacity useful for CLC is directly measured from the mass variation between
the oxidized and reduced form. The oxygen transport capacity barely decreased with the
cycle number. After 16 redox cycles with char there was only a very slight decrease in
the measured Ro jim value from 4 % to 3.9 %.

Previous work [26] showed that the oxygen transport capacity of ilmenite, Ro jm, got
reduced gradually with the number of cycles. The reason for that was the migration of
iron towards the outer surface of the particle creating an external shell of free Fe,Os.
The initial Rojim value was 4%, and it decreased until 2.1% after 100 redox cycles
because the Fe,O3 fraction increased with the cycle number at expenses of decreasing
the fraction of Fe,TiOs.

SEM images show that in this work, the outer shell observed in the previous work is not
formed. In addition, XRD analysis showed that the share of iron compounds between
Fe,TiOs and Fe,O3 was not affected by the cycle number in the fully oxidized samples.
Thus, the composition described in Section 2.1 for pre-oxidized ilmenite was
maintained roughly constant during the activation period. This fact confirms that the
oxygen transport capacity —which depends on the share of iron— was barely affected by

the number of cycles.
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Thus, during the activation period showed in this work, the migration of iron was not
observed as in previous work using gaseous fuels [26]. The difference between both
cases can be found in the extent of ilmenite reduction happening in every redox cycle
because the iron migration was enhanced as the reduction conversion increased [26]. In
experiments showed in this work, ilmenite conversion was as low as 8 % in the first
cycle and increased to 12 % after the activation period, i.e. 6™-7" cycle. These values
were lower than the final conversion reached in previous tests with gaseous fuels. Thus,
the migration of iron was not promoted at low ilmenite conversion values as in
experiments carried out in this work, and it seemed not be affected by the fact that the
initial fuel is gaseous or solid. Iron migration would be expected with higher conversion

values or more redox cycles.

The effect of the activation process on the char gasification was analyzed by
considering the rate of char conversion, rc(t), as the total flow of CO, and CO exiting
from the reactor, as it is shown in Fig. 6. When the evolution of carbon in the gases is
analyzed with the cycle number, it was observed a slight increase in the rate of char
conversion during the initial 6-7 cycles and then it was maintained roughly constant.
Thus, the char gasification is being affected in some mode by the increase of reactivity
of ilmenite. Likely, the lower concentrations of H, and CO —which present an inhibitory
effect on the char gasification— as ilmenite is being activated increased the gasification

rate with the initial 6-7 cycles.

Regarding the differences in the density and particle size used for char and ilmenite
particles, some char particles could be segregated to the top of the fluidized bed. Thus,
some unconverted H, and CO could not have been in contact with the oxygen-carrier if
they came from the gasification of segregated char particles. However, in that case the
increase in ilmenite reactivity would have a lower effect on the H, and CO
concentrations. Therefore, the effect of the possible segregation of the char particles on

the gas distribution would be of low relevance.
All the following tests were performed with the so-called activated ilmenite, which has

constant reactivity in the reducing reaction. Thus, the effect of the variation in ilmenite

reactivity on the evaluation of the results can be ignored.
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4.2. Role of ilmenite in char gasification

The effect of ilmenite as oxygen-carrier in the gasification process was evaluated by
comparing the gas product distribution obtained using ilmenite or silica sand as bed
material, see Fig. 7. Obviously, ilmenite has an effect on the gas distribution. It reacts
with CO and H; and gives CO;, and H,O. Furthermore, the selectivity of ilmenite
towards the reaction with H, or CO also can be observed. Thus, the ratio CO/H; in the
product gas for sand is about 0.7, whereas is 2.8 for ilmenite because the reaction with
H. is faster than with CO [31].

Fig. 8 shows the instantaneous rate of char conversion, rcins(t), when ilmenite or sand is
used as bed material. The rci,s values were higher for ilmenite that for sand. The
positive effect of the oxygen-carrier in the gasification process has already been proven
in several studies [10,18,20]. The use of ilmenite improves the gasification since the
concentrations of H, and CO decreased, which are well known to be inhibitors for
gasification. In both cases, a slight tendency towards the increase in the instantaneous
rate of char gasification with char conversion is observed. Average values of char
conversion rate of 10.9 %/min for ilmenite and of 6.5%/min for sand were obtained at
950°C using steam. Only average rates for char conversion between 0.35 and 0.75 were
considered as representative of the process. So, it was avoided any possible effect of the
back-mixing at the beginning or mathematical errors introduced at the end of the period

when the concentrations or remaining char are too low.

Usually, the gasification process is explained by the homogeneous model or the random
pore model [32]. If a random pore model was fulfilled the instantaneous rate goes
through a maximum, which was not observed. If gasification followed a homogeneous
model, the instantaneous rate of char conversion should be constant with the char
conversion. From these batch tests and the resulting gas profiles (see Fig. 7), no
conclusive statement about what the gasification model is for this fuel can be drawn up.
However, a study made by TGA analysis on char gasification of this fuel showed that it
follows a homogeneous model [33]. The slight increase in the rate of char gasification
observed in these batch tests could be explained by an increase in the gasification rate
because there was lower concentration of H, —which inhibits steam gasification—in the

reacting gas as the char was being converted.
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In addition, for comparison purposes tests were performed using Ny as fluidizing gas
and ilmenite or sand as bed material. Here, the rate of char gasification represents the
flow of carbon species (CO, and CO) exiting in the gas stream. In this case, the
evolution of carbon species to the gas stream was low when ilmenite was used, whereas
no CO, or CO was detected when sand was used. Thus, fuel oxidation is exclusively
performed by the solid-solid reaction among char and oxygen-carrier [34], which
depends on the surface of contact between solids and the type of contact [35]. However,
it can be observed a substantial increase in the rate of char gasification when a
gasification agent (H,O) is used as fluidizing gas. Therefore, the conversion of the solid
fuel when is fluidized with H,O is mainly happening through gasification as an
intermediate step, with CO and H; as intermediate products, see Eqgs. (1-4). In this case,
solid-solid reaction between char and ilmenite particles would be negligible, which

agreed to results previously obtained by other authors [10,18].

4.3. Effect of the fluidizing gas composition

As much H,0 as CO; has been proposed as fluidizing gas because both of them can act
as gasifying agent. Indeed, several works have analyzed the gasification in the CLC
process for solid fuels using either H,O [10,20,25,27] or CO; [7,18,29]. CO; can be fed
by recirculating a fraction of the product gas stream, as it was indicated in Fig. 1. Thus,
the steam requirements for the gasification would be decreased in some extension if a
mixture of CO, and H,O was used, or even avoided if a pure stream of CO, was used as

fluidizing gas.

Here, the effect of using a gas mixture of CO, and H,O on the gasification of char
particles from the South African bituminous coal was analyzed. Fig. 9 shows the
instantaneous rate of char gasification, rcinst(t), as a function of the char conversion
when the reactor was fluidized by different H,O:CO, mixtures, and Fig. 10 shows the
char conversion reached throughout the time obtained from the gas distribution products
by using Eq. (14). The instantaneous rate of char conversion increased significantly as
higher was the H,O percentage in the gasification gas. Thus, the average gasification
rate of char from South African bituminous coal dropped from 10.9 %/min for steam to

a value of 3.4 %/min for gasification with CO,. For 100% steam, most of the char is
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gasified the first 30 minutes, whereas only 60% char conversion was reached after 30

minutes with CO.,.

To make comparisons about the use of H,O:CO, mixtures as fluidizing gas it was
considered the use of the half-life time, tso, defined as the reacting time necessary to
reach 50% of char conversion. In addition, the time to convert 95% char, tgs, which has
been taken in other works [10,20] as a reference value to determine the residence time
to mostly convert the char in the reactor, has been considered. Values of tso and tgs were
calculated from the following equations assuming the gasification reaction follows the

homogeneous model.

1 chhar =r = r
1_ X dt C,inst C

t= _In(l_ Xchar) (24)

Jinst
char

Thus, the residence time to reach a conversion X;, i.e. tx, was obtained as:

1

t, =———In(L-X,) (25)

I’C Jinst

Table 3 shows the tso values for different H,O:CO, ratios, that is when X; = 0.5. The
half-life of char particles when fluidizing with 30% CO, is two times in comparison to
100% H,0, whereas is three times when fluidizing with 100% CO,. Furthermore, Table
3 also shows the tg5 values for different H,O:CO, ratios. Thus, the residence time of
char particles in the fuel reactor should be 27.5 min when H,O is used as gasifying
agent, being increased up to 88.1 min if CO, was used. In addition, the introduction of
10 vol.% CO; in the fluidizing gases gives an increase of nearly 50% in the residence
time necessary to convert char particles. From these results it can be concluded that
steam seems to be the more adequate fluidizing gas for the South African coal used in
this work. The case could be different for other type of coal, as lignite, which shows

high reactivity for gasification with CO, [18,36].

In this technology, the gasification products, mainly composed of CO+H,, must react
with the oxygen-carrier getting oxidized. Thus, the reactivity of the oxygen-carrier with

the gasification products will affect the combustion efficiency in the fuel reactor, and
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also must be analyzed in order to fully understand the performance of the fuel reactor
[18]. Fig. 11 shows the evolution of combustion efficiency, n., with the char conversion
for different H,O:CO ratios. The combustion efficiency decreases as the CO; content in
the fluidizing gas increases, in spite of the flow of gasification products which must
react with a constant amount of ilmenite decreases as it was discussed above (see Fig.
9). Nevertheless, although of flow of reacting gases is lower, they are enriched in CO by
reaction (3). That is, the outgoing H, flow decreases when using CO; as gasification
agent, which leads to a worse combustion, since ilmenite reacts slower with CO than
with Hy [31]. Thus, not only the gasification step, but the oxidation is proven to be also

influenced by the gasification agent.

Besides, when gasifying with 100% steam some H, was measured, but for the H,0:CO,
mixtures no H, was measured in the product gas. Here, the water-gas shift (WGS)
reaction, see Eq. (26), it is believed to have low relevance in the CO generation because
the gas composition is far away from WGS equilibrium. This is confirmed by the small
amounts of H, obtained in the reactor outlet.

H,0 + CO < H, + CO; (26)

In addition, it can be seen in Fig. 11 that the combustion efficiency is maintained
roughly constant with the char conversion, although the flow of gasification products,
i.e. H, and CO, decreased as char is being converted. Thus, a constant amount of
ilmenite (that existing in the reactor) is not able to better oxidize a lower flow of
reacting gas (that is H, and CO). This means that the rate of oxygen transferred from
ilmenite to the fuel, ro, decreases as the amount of char remaining in the bed decreases.
This decrease in the reaction rate of ilmenite is due to a lower concentration of H, and

CO in the reacting gas mixture.

4.4. Effect of the reacting temperature

The effect of the reacting temperature on the gasification rate and the subsequent
conversion of gasification products by reaction with ilmenite particles were studied in
the batch fluidized bed. Fig. 13 shows the instantaneous rate of char conversion,

rc.inst(t), @s a function of the char conversion when the reactor temperature was 900, 950
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or 1000°C and fluidizing gas was steam or CO.. It can be seen an important increase in
the rate of char conversion with temperature when steam is used as gasifying agent.
Thus, the average rc inst Value increases from 10.9 %/min at 900°C up to 37.3 %/min at
1000°C. The values here obtained are in concordance with the previous results and
evidence the great influence of the temperature in the gasification process [10,20]. On
the contrary, the gasification rate with CO, is not increased in the same proportion.
Thus, the average rcinst Value increases from 3.4 %/min at 900°C up to 6.9 %/min at
1000°C. Table 4 resumes the average rcinst Values for the different temperatures. The
apparent activation energy, E,, can be calculated from these values assuming an
Arrhenius type dependence with the temperature, thus calculating that E; = 162 kJ/mol

for steam gasification and E, = 88 kJ/mol for gasification with CO,.

Table 4 shows the tsp and tgs values for the different tests performed at various
temperatures with steam and CO, as gasification agents. It can be seen that high
temperature using steam as gasification agent is preferred in order to reduce the
residence time of char particles to be gasified. So, the residence time to convert 95 % of
char fed to the reactor is 7.8 min at 1000°C for char particles used (+100-200 um) using

steam, whereas 43.4 min should be necessary using CO,.

Regarding the oxidation of gasification products by reaction with ilmenite, Fig. 14
shows the combustion efficiency, n., at different temperatures when the fluidization gas
was steam or CO,. For both gasification agents the combustion efficiencies are
promoted with the temperature, as ilmenite reacts faster at higher temperatures.
However, the dependence of n. with temperature was of lower relevance that those
showed for char gasification, see Fig. 13. The combustion efficiency for steam is very
high and increases from about 89% at 900°C to 95% at 1000°C. For CO; . rises from
about 59% at 900°C to 65% at 1000°C. H, is generated as a gasification product when
H,O is present in the fluidizing gas, whereas CO is the only gasification product when
using CO,. In a previous study on ilmenite kinetics, H, was proved to have higher
reaction rate ilmenite than CO [31]. The differences seen in the combustion efficiencies
when using H,O or CO; as fluidizing agents lie in the generation of the more reactive
gas H, when gasifying with H,O.
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4.5. Theoretical approach

The conversion of char in the fuel-reactor will determine the carbon capture efficiency
of the CLC system with coal. A theoretical study in the fuel-reactor was done to get
further valuable information about the char conversion in the CLC system. Considering
the fuel-reactor as control volume, the simplified mass balance for carbon in char can be
expressed with Eq. (27).

I:C,in + I:C,r =F

count Fc,g (27)
The carbon inlet flows to the fuel-reactor are: (1) the incoming carbon flow in char with
the coal feed, Fcn, and (2) the carbon flow that is separated by the carbon stripper and
recirculated back to the fuel-reactor, Fc . The carbon outlet flows from the fuel-reactor
are: (1) the remaining carbon in char exiting the fuel-reactor, Fc o, and (2) the gasified
carbon, exiting as part of the product gas, Fc 4. The following carbon balance was done

to the carbon stripper:

F

C,out =

F

C,AR

F F
+ FC,r = C.AR = & (28)
1-Ncs  MNes

Fcar being the carbon flow passing to the air-reactor and 7cs the efficiency of
separation in the carbon stripper. The flow of gasified carbon was calculated as
I:C

T inst *Me (29)

g = Jinst
rc.inst DEING the instantaneous char gasification rate, as defined in Eg. (15), and mc the
mass of carbon in the fuel-reactor. m¢ was calculated assuming that a perfect mixing of
solids in the fuel-reactor and a constant reaction rate for the char particles. Thus, the

carbon concentration in the fuel-reactor, Cc, is equal to that in the outlet stream of

solids.
Fe ov m
c= = (30)
I:ilm + FC,out milm + mC
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Fim being the circulation flow of ilmenite and m;, the mass of ilmenite in the fuel-
reactor. After some algebra arrangements with Eqs. (27-30), char conversion, Xc, is

calculated as:

X, = Fein—Fer —1— Fin A—77cs) (31)
I:c,in Ieinst “ Mipm + Fim (1_77cs)

Char conversion was defined as the fraction of carbon introduced with the char feed that
exits as gaseous product from the fuel-reactor. Thus, char conversion can be easily
calculated knowing the char gasification rate, rcingt, and giving some design and
operational parameters, i.e. the circulation flow rate of ilmenite, Fimn, the ilmenite

inventory in the fuel-reactor, m;,, and the carbon stripper efficiency, 7cs.

The reactivity data showed in this work for char from a South African coal were used to
calculate the char conversion at different operating conditions, see rc inst in Tables 3 and
4. Table 5 shows the proximate and ultimate analysis of this coal. Taking 1 MWy, as
reference value and considering Ro iim=4.0 wt%, the stoichiometric circulation flow rate
of ilmenite to fully convert coal to CO, and H,O was 2.1 kg/s, i.e. with an oxygen-
carrier to fuel ratio ¢ = 1. Abad et al. [24] showed that the optimum oxygen-carrier to
fuel ratio was in the range 2.5 to 5. Thus, a ¢ value of 3 was here chosen for
simulations. In addition, 200 kg/MW4, was considered as ilmenite inventory during first
approach. In a previous work, it was estimated that 200 kg/MWy, would be enough to

burn 95% of the gasification products [31].

Firstly, it was considered that the system had no carbon stripper, i.e. 5#cs = 0. Fig. 15a)
shows the effect of temperature in the calculated char conversion using steam or CO, as
gasification agents. It can be seen that the char conversion reached a very low value
even at 1000°C with steam as gasification agent, for which only 17% of char is gasified.
Lower values were obtained at lower temperatures or using CO, as gasification agent
because of the lower gasification reactivity. This fact evidences the need of a carbon
stripper unit in order to separate a fraction of the non-gasified char and re-introduce it to

the fuel-reactor. Thus, the residence time of char particles in the fuel-reactor will be

24



increased. Fig. 15b) shows the char conversion with steam at 1000°C as a function of
the carbon stripper efficiency, ncs. The char conversion is correspondingly increased
with the carbon stripper efficiency. If 90% of char conversion is desired, the carbon
stripper efficiency must be about 95%. Obviously, if the carbon separation efficiency is
ncs = 1, all carbon is gasified and no carbon is passing to the air-reactor. Fig. 15b) also
shows the carbon concentration in the fuel-reactor. Thus, the carbon concentration
increases with the carbon stripper efficiency. This fact will be relevant for the carbon

stripper design.

Considering a reasonable carbon stripper efficiency of 90%, in order to ensure high char
conversion efficiencies, higher ilmenite inventories are needed. Fig. 15c) displays the
char conversion with steam at 1000°C calculated for increasing ilmenite inventory (7cs
= 90%). The char conversion rapidly increases until a solids inventory about 500-1000
kg/MWy,. Thus, the char conversion increased from 67% with 200 kg/MWy4, to 91%
with 1000 kg/MWy,. Further increase in the solids inventory has a minor effect on the
char conversion. To increase the solids inventory above 1000 kg/MWy, would not be

therefore recommended.

These results show the reliability of the process using ilmenite as oxygen-carrier. High
carbon capture efficiency can be obtained or by optimizing the carbon stripper design or
by increasing the solids inventory. The following question is to know the fraction of
gasification products that will be converted to CO, and H,O by reaction with ilmenite
particles. This task needs to consider simultaneously the reaction kinetics of the gaseous

products with ilmenite and the gas flow throughout the reactor.

5. Conclusions

An analysis of the char gasification in presence of ilmenite particles —which act as
oxygen-carrier— was carried out to determine key parameters in Chemical-Looping
Combustion of coal. Both, char gasification and ilmenite reactivity were evaluated
through consecutive redox cycles using char particles coming from devolatilization of
South African bituminous coal. The activation process of ilmenite particles as well as

the effects of the fluidization gas and temperature were studied.
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For the reduction reaction, ilmenite increases its reactivity relatively fast during the
initial redox cycles. Seven redox cycles are enough to fully activate ilmenite particles
when coal char was used as fuel. However, ilmenite was not activated yet for the
oxidation reaction even after 16 redox cycles, because of the low variation of the
ilmenite conversion in every cycle. At this condition, porosity was not developed at
enough extension to overcome diffusion restrictions in the oxidation reaction. Besides,
the oxygen transport capacity of the ilmenite particles barely changed with the redox

cycles.

Regarding the char conversion, lower concentration of H, and CO enhanced the
gasification reaction. Thus, a relevant increase in the gasification rate was observed
when ilmenite instead of an inert substance was used as bed material. Moreover, the
gasification rate itself raises slightly by the increase of ilmenite reaction rate during
activation period, and gasification is improved as the generated H, and CO decreases

with the char conversion.

Steam is preferred as gasification agent as CO,, since gasification rate is higher. Even if
low fraction of CO, was present in the feeding gas stream, the gasification rate was
appreciably decreased. In addition, high temperature enhanced in high extent the steam
gasification. Thus, the residence time to convert 95 % of char fed was decreased from
27.5 min at 900°C to 7.8 min at 1000°C using char from South African bituminous coal
(+100-200 um).

The later combustion of the gasification products with ilmenite is also influenced by the
gasifying agent, as gasification with H,O generates more H; that is more reactive with
ilmenite and on the other hand gasification with CO, produces more CO. The resulting
combustion efficiency is therefore higher when gasifying with increasing H,O/CO,
ratio. Moreover, the combustion efficiencies have turned out to be quite constant as char
is further converted. A rise in the operation temperature also causes an increase in the

combustion efficiencies, since ilmenite reaction rates are promoted.

A mass balance to the fuel-reactor and carbon stripper was done in order to know the
conversion of char in the system. The use of a carbon stripper was found to be essential

in order to reach high values of char conversion by gasification in the fuel-reactor. The
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optimal range of solids inventory in the fuel-reactor that leads to high char conversions
(around 90%) was found in the range 500-1000 kg/MWip.

Notation

Cc = char concentration in the fuel reactor bed

Feo,in = CO2 flow introduced in the fuel reactor (mol/s)

Fc.ar = carbon flow in char that enters the air reactor (mol/s)

Fcy = gasified carbon flow exiting as part of the product gas (mol/s)
Fc.in = carbon flow in char fed with the fuel flow (mol/s)

Fc.out = carbon flow in char leaving the fuel reactor (mol/s)

Fc,r = carbon flow in char recirculated back to the fuel reactor (mol/s)

Fii0n = H20 flow introduced in the fuel reactor (mol/s)
Fi00x = Molar gas flow of H,O in the product gas (mol/s)

Fi = molar gas flow of each component i (CO,, CO, H, or CH,) in the product gas
(mol/s)
Fiim = ilmenite flow between reactors (mol/s)

F\, = downstream introduced N flow (mol/s)
Fo,.in = total introduced oxygen flow in the fuel reactor (mol O./s)
Fo, o = total oxygen flow exiting the fuel reactor (mol O/s)

Fout = total dry basis outlet gas flow (mol/s)

m = instantaneous mass of the ilmenite sample (kg)

mc = mass of char in the fuel reactor bed (kg)

Me,O, = oxidized form of the oxygen carrier

Me,Oy.1 = reduced form of the oxygen carrier

Miim = ilmenite inventory in the fuel reactor (kg/MWy4)
m, = mass of the oxidized form of the oxygen carrier (kg)
m, = mass of the reduced form of the oxygen carrier (kg)
No.iim = molar amount of oxygen in ilmenite active for CLC process (mol)
Nc char = mol number of carbon fed into the reactor (mol)
Ro,iim = 0Xygen transport capacity of ilmenite

rc(t) = rate of char conversion (mol/s)
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Fcinst = iNstantaneous rate of char conversion (s™)

ro(t) = rate of oxygen transferred from ilmenite to the fuel gas (mol/s)
t =time (s)

tso = time to convert 50% char (S)

tos = time to convert 95% char (s)

tx = residence time to reach a conversion X;

Xchar = Char conversion

Xox = conversion of ilmenite for the oxidation reaction

Xred = conversion of ilmenite for the reduction reaction

X; = char conversion reached with a residence time tx

yi = being the molar fraction of the component i (CO,, CO, H, or CH,) in the product
gas

ncs = carbon stripper efficiency

Nc = combustion efficiency
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Tables

Table 1. Chemical and physical properties of pre-oxidized ilmenite.

Table 2. Proximate and ultimate analysis (% weight) of char from devolatizing South

African coal.

Table 3. Average values of the instantaneous rate of char conversion, rcns(t), half-life
time, tso and residence time to convert 95% of char, tgs, at different H,O:CO; ratios. T =
900°C.

Table 4. Average values of the instantaneous rate of char conversion, rcns(t), half-life
time, tsp and residence time to convert 95% of char, tgs, at different temperatures for

H,0 or CO; as gasification agent.

Table 5. Proximate and ultimate analysis (% weight) of South African coal.

32



Design Considerations for Chemical-Looping Combustion of coal — Part 1.

Experimental Tests.

Ana Cuadrat*, Alberto Abad, Juan Adanez, Luis F. de Diego, Francisco Garcia-

Labiano, Pilar Gayan.

Table 1. Chemical and physical properties of pre-oxidized ilmenite.

XRD (main species) Fe,TiOs, Fe 03, TiO,
Oxygen transport capacity, Roim (%) 4.0

Particle diameter (um) 150-300

True density (kg/m?) 4100

Porosity (%) 1.2

BET Surface (m?/g) 0.8

Crushing strength (N) 2.2
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Table 2. Proximate and ultimate analysis (% weight) of char from devolatizing South

African coal.

Proximate analysis

Water content 0.9
Ash 20.0
Volatile matter 1.1
Fixed carbon 78.0

Ultimate analysis

Carbon 76.5
Hydrogen 0.2
Nitrogen 1.6
Sulfur 0.8
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Table 3. Average values of the instantaneous rate of char conversion, rcins(t), half-life
time, tsp and residence time to convert 95% of char, tgs, at different H,O:CO, ratios. T =
900°C.

H,0:CO, 100:0 90:10 70:30 50:50 0:100
reinst (Y%/min) 109 8.1 5.7 4.8 3.4
tso (Min) 6.4 8.6 122 144 204
tos (Min) 275 370 526 624 88.1
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Table 4. Average values of the instantaneous rate of char conversion, rcins(t), half-life
time, tsp and residence time to convert 95% of char, tgs, at different temperatures for

H.0 or CO; as gasification agent.

Gasification agent H,O CO,
Temperature (°C) 900 950 1000 900 950 1000
re.inst (%/mMin) 109 240 373 3.4 52 6.9
tso (min) 6.4 2.9 1.8 204 133 10.0
tgs (min) 275 125 78 88.1 576 434
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Table 5. Proximate and ultimate analysis (% weight) of South African coal.

Proximate analysis

Water content 4.2

Ash 14.3
Volatile matter 25.5
Fixed carbon 56.0

Ultimate analysis

Carbon 69.3
Hydrogen 4.0
Nitrogen 2.0
Sulfur 1.0

LHV (kJ/kg) 25500
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Captions of figures

Fig. 1. Reactor scheme of Chemical-Looping Combustion using solid fuels (- - -

optional stream).

Fig. 2. Schematic layout of the laboratory setup.

Fig. 3. Molar flow evolution with time of a) CO,, b) CO and c) H; in the gas product
during the initial 10 reduction cycles. The intervals between reducing periods have been
removed. Every cycle consisted of 2 loads of char, 1.5 g each one. Gasification agent:
steam. T = 900°C.

Fig. 4. Conversion of (a) reduction, Xred, and (b) oxidation, Xox, with time of ilmenite
after 1, 3, 7, 10, 13 and 16 redox cycles using char as fuel and steam as fluidizing gas.
The corresponding curves for pre-oxidized ilmenite and fully activated ilmenite are also
showed. Reducing gas: 5% H, + 40% H,O. Nitrogen to balance. Oxidation gas: air. T =
900°C.

Fig. 5. SEM images of (a) detail of the external surface, (b) detail of the cross section
inside the particles and (c) cross section of a particle for pre-oxidized ilmenite, after 3

cycles and after 13 cycles using coal char as fuel.

Fig. 6. Evolution of the rate of char conversion with time during the initial 10 reduction
cycles. Every cycle consisted of 2 loads of char, 1.5 g each one. Gasification agent:
steam. T = 900°C.

Fig. 7. Gas flow evolution with char conversion of a) CO,, b) CO and c) H in the gas
product during char conversion using activated ilmenite (—) or sand (- — —) as bed

material. Loads of 1.5 g char. Gasification agent: steam. T = 900°C.
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Fig. 8. Instantaneous rate of char conversion, rcinst(t), as a function of the char
conversion with activated ilmenite and sand as bed materials. Loads of 1.5 g char.

Gasification agent: steam. T = 900°C.

Fig. 9. Instantaneous rate of char conversion, rcinst(t), as a function of the char
conversion with activated ilmenite as bed material when different H,O:CO, ratios was

used, corresponding to that showed in Table 3. Loads of 1.5 g char. T = 900°C.

Fig. 10. Char conversion vs. time curves for different H,O:CO, ratios. Activated

ilmenite as bed material. Loads of 1.5 g char. T = 900°C.

Fig. 11. Combustion efficiency as a function of the char conversion for several
H,0:CO; ratios. Activated ilmenite as bed material. Loads of 1.5 g char. T = 900°C.

Fig. 12. Evolution with time of the flow of CO exiting from the reactor for different
H,0:CO; ratios. Activated ilmenite as bed material. Loads of 1.5 g char. T = 900°C.

Fig. 13. Instantaneous rate of char conversion, rcinst(t), as a function of the char
conversion at 900, 950 and 1000°C. Fluidizing agent: (a) H,O; (b) CO,. Activated

ilmenite as bed material. Loads of 1.5 g char.

Fig. 14. Combustion efficiency as a function of the char conversion at 900, 950 and
1000°C. Fluidizing gas: a) H,O; b) CO,. Activated ilmenite as bed material. Loads of
1.5gchar.

Fig. 15. Conversion of char by gasification in the fuel-reactor as a function of a)
temperature with steam or CO, as gasification agents and without carbon stripper; b)
carbon stripper efficiency; and c) ilmenite inventory in the fuel-reactor with a carbon
stripper efficiency of ncs = 90%. In Figs. a) and b) the solids inventory was 200
kg/MWy. In Figs. b) and c) steam was the gasification agent and the temperature
1000°C.
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Fig. 1. Reactor scheme of Chemical-Looping Combustion using solid fuels (- - -

optional stream).
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cycles. Every cycle consisted of 2 loads of char, 1.5 g each one. Gasification agent:
steam. T = 900°C.
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Gasification agent: steam. T = 900°C.
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Chemical-Looping Combustion, CLC, is a promising technology to capture CO, at low cost in fossil-fuelled
power plants. In CLC the oxygen from air is transferred to the fuel by a solid oxygen-carrier that circulates
between two interconnected fluidized-bed reactors: the fuel- and the air-reactor.

This work studies the CLC technology in a 500 Wy, facility fuelled with bituminous coal with ilmenite
as oxygen-carrier. The effect of temperature and coal particle size on coal conversion and combustion
efficiency was assessed. Char gasification and combustion of both gasification products and volatile mat-
ter were evaluated. At higher temperatures, gasification and combustion reactions are promoted. Carbon
capture and combustion efficiencies grow with the temperature, with faster increase at temperatures
IImenite higher than 910 °C. The outgoing unburnt gases come from volatile matter that was not fully oxidized by
€O, capture ilmenite. Little CH4 was measured and there were neither hydrocarbons heavier than CH, nor tars in the
Coal fuel-reactor outlet. At 870°C the char conversion was 15% and reached 82% at 950°C. The combustion
efficiency in the fuel-reactor increased from 70% at 870 °C to 95% at 950 °C. The results show that ilmenite
has good behavior as oxygen-carrier and that optimizing CLC with coal can lead to energy production
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with high CO, capture.
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1. Introduction

Anthropogenic carbon dioxide emissions, which mainly come
from the combustion of fossil fuels for power generation, trans-
port and industry, significantly contribute to global warming (IPCC,
2007). Therefore, there is a need to decrease CO, emissions in order
to stabilize its concentration in the atmosphere. Since fossil fuels
are still the dominant energy source worldwide and the transition
to more sustainable energy system is a slow process, CO, capture
and sequestration (CCS) has been proposed as an important option
to reduce CO, emissions from power production. Current CCS tech-
nologies, available or under development, have the disadvantage
of high costs and energy penalties, associated mainly to the CO,
capture process, recovering the gas from flue streams.

Chemical-Looping Combustion (CLC) is one of the most promis-
ing technologies to carry out CO, capture in power plants at a low
cost (IPCC, 2005; Eide et al., 2005; Kerr, 2005). In this process the
CO, separation from the other flue gas components is inherent to
the process and thus no energy is expended for the capture. The CLC
concept is based on the transfer of oxygen from the combustion

* Corresponding author. Tel.: +34 976 733 977; fax: +34 976 733 318.
E-mail address: abad@icb.csic.es (A. Abad).

1750-5836/$ - see front matter © 2011 Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijggc.2011.09.010

air to fuel by means of an oxygen-carrier in the form of a metal
oxide, which takes place in two separate reactors. In CLC systems,
the conventional combustion reaction is replaced by two successive
reactions forming a chemical loop. The oxygen-carrier particles cir-
culate between two interconnected reactors, the fuel-reactor and
the air-reactor. In the fuel-reactor, the metal oxide reacts with the
gaseous fuel to produce CO, and H,O. Pure CO,, ready to com-
pression and storage, will be readily recovered by condensing the
steam. It could be advantageous if the CLC process could be adapted
to the use of solid fuels. In the Chemical Looping Combustion
with coal the solid fuel is directly introduced to the fuel-reactor,
where is converted to CO, and H,O by the oxygen transferred from
the oxygen-carrier. In this case the gasification of the solid fuel
is carried out in the fuel-reactor simultaneously as the oxygen-
carrier reacts with the products of the fuel devolatilization and
gasification (Adanez et al.,, 2011). In this process the fuel-reactor
is fluidized by a gasifying agent, e.g., H;O or CO,, as proposed
by Cao and Pan (2006). Thereby, the solid fuel gasification takes
place in the same reactor first according to reactions (1-3) and
the resulting gases and volatiles are oxidized through reduction of
the oxidized oxygen-carrier, MexOy, by means of reaction (4). The
oxygen-carrier reduced in the fuel-reactor, Me,xO,_1, is later led to
the air-reactor where it is oxidized with air by reaction (5), and it is
ready to start a new cycle. The net chemical reaction as well as the


dx.doi.org/10.1016/j.ijggc.2011.09.010
http://www.sciencedirect.com/science/journal/17505836
http://www.elsevier.com/locate/ijggc
mailto:abad@icb.csic.es
dx.doi.org/10.1016/j.ijggc.2011.09.010

A. Cuadrat et al. / International Journal of Greenhouse Gas Control 5 (2011) 1630-1642 1631

Nomenclature

AR air-reactor

CLC Chemical-Looping Combustion

carbon flow from the char that goes to the air-
reactor (mol/s)

Cchar AR

Ccharrr~ Carbon flow from the gasified char in the fuel-
reactor (mol/s)

Cehareff carbon flow from the effective char introduced
(mol/s)

Cecharelutr €arbon flow from the elutriated char (mol/s)

Crr outlet carbon flow from the fuel-reactor (mol/s)

Cyol carbon flow coming from the volatile matter fed
(mol/s)

%Ccharpr  Char concentration in the fuel-reactor (%)

FR fuel-reactor

Far outlet air-reactor gas flow (mol/s)

FcHg,FR> Fi, FR» Feo,FRs Fco,. R, FH,0,FRout  OUtlet flows in the
fuel-reactor of CHg, Hy, CO, CO, and H,O0, respec-

tively (mol/s)
Fco,,AR outlet flow in the air-reactor of CO, (mol/s)
Frr dry basis product gas flow (mol/s)
Fy,0,in  water steam inlet flow in the fuel-reactor (mol/s)
Fiim solids circulation rate (kg/s)
Fny,,ar - Np inlet flow in the fuel-reactor (mol/s)
Fny ;R Np inlet flow in the fuel-reactor (mol/s)

Mc¢ atomic weight of carbon (kg/mol)
MexO, oxidized oxygen-carrier

MexO,_; reduced oxygen-carrier

Mcharpr - Mass of char in the fuel-reactor (kg)

Mijmpr  fuel-reactor bed mass or solid hold-up in the fuel-
reactor (kg)

m instantaneous mass of the oxygen-carrier (kg)

my mass of the reduced form of the oxygen-carrier (kg)

mo mass of the oxidized form of the oxygen-carrier (kg)

Ocoalefr  flow of oxygen contained in the effective coal intro-

duced (mol/s)
03 demand coaleff OXygen demand of the effective coal fed
(moles 0, /s)

(=r¢) rate of char coal conversion (s—1)

Roiim oxygen transport capacity of ilmenite

Trr temperature in the fuel-reactor (°C)

Xchar char conversion

Xiim reaction conversion of ilmenite

Y0,.ARs Yco,,aR fractions in the air-reactor outlet flow of O,

and CO,

YCH,,FR» YCO,,FR» YCO,FR» YH, FR  dry basis fractions in the fuel-
reactor product gas of CHy, CO,, CO, Hy, respectively

AXj,  variation of reaction conversion of ilmenite
tmchar ~ Mean residence time of char (s)
Em,ilm mean residence time of ilmenite (s)

Greek letters

Tcc carbon capture efficiency
Neomb  combustion efficiency
27 total oxygen demand of fuel-reactor product gas

heat involved in the global process is the same as for normal fuel
gas combustion.

Coal — Volatile matter + Char (1)
Char —+ H20 — H2+CO (2)
Char + CO, — 2CO (3)

Nz, Oz‘_| I—' CO,, H,O —‘——"C‘Dz
Me,O, H,O(l)
Air Fuel
reactor reactor je—
Me,0, , [ > W Coal
Carbon H Ash
T stripper L Cco,

Air co, H,0(v)

Fig. 1. Reactor scheme of the CLC with solid fuels process (---- optional stream).

H,, CO, Volatile matter + nMexOy — CO, +Hy0 +nMexOy_;  (4)
MexO,-1 + 205 — MexOy (5)

Fig. 1 shows the simplified reactor scheme of the CLC process
with direct introduction of solid fuels, which counts with the air-
and fuel- reactors, the circulating oxygen-carrier. As the gasifica-
tion process is expected to be the limiting step in the fuel-reactor,
the solids stream going out from the fuel-reactor can contain cer-
tain fraction of unconverted char. Thus, a carbon stripper step is
proposed to separate char from the oxygen-carrier (Cao and Pan,
2006; Berguerand and Lyngfelt, 2008a).

For direct CLC with solid fuels, there are 3 particular aspects to
be taken into account: (1) to reach high combustion efficiencies
it is necessary to have good contact between the oxygen-carrier
particles and the volatile matter and gasification products, (2)
the system must be optimized to get maximum ash separation
and minimum carrier extraction, since part of the carrier will be
removed together with the draining of ashes present in the solid
fuel, and (3) the carbon stripper should be optimized for the carbon
separation; otherwise, the CO, capture efficiency will be reduced
because of CO, exiting together with the depleted air stream.

The research on CLC with solid fuels concludes that gasification
is probably the rate-limiting step (Leion et al., 2008a,b; Bidwe et al.,
2011). Linderholm et al. (2011) studied the gasification rates for a
wide variety of coal chars, showing the feasibility of using the CLC
technology with different type of coals with the appropriate design
modifications or high efficiency carbon stripper implementation.
Cuadrat et al. (submitted for publication-a) studied the fuel-reactor
performance regarding the gasification rate and later reaction of
ilmenite with the gasification products in batch fluidized bed with
South African coal char feed. They calculated an optimal range of
solids inventory in the fuel-reactor of 500-1000 kg/MWy;, to get
char conversions as high as 90-95%, which is feasible and adequate
for this technology.

A key factor for the CLC technology development is the selec-
tion of the oxygen-carrier. Solid particles based on Fe, Ni and Cu
have been extensively investigated as feasible oxygen-carriers to
be used in CLC systems, as reviewed by Adanez etal. (2011) Suitable
oxygen-carriers for a CLC process must have high reactivity during
reduction and oxidation, high attrition resistance and agglomera-
tion absence.

To evaluate the performance of CLC with solid fuels, several
works have been done in continuously operated coal fuelled CLC
prototypes. Shen et al. (2009a,b, 2010) used a synthetic NiO/Al, O3
oxygen-carrier in two continuous facilities with different parti-
cle recirculation system design of thermal power of 10 kW, and
1 kWy,. Although they had some CO and CH, in the fuel-reactor
product gas, high coal conversions to CO, were reached. For the
10 kW4, rig, they found that coal gasification controlled the CO and
CH4 concentrations in the fuel-reactor product gas, as well as the
carbon capture efficiency. They obtained a carbon conversion effi-
ciency of 92.8% at a fuel-reactor temperature of 970°C. The 1 kWy
rig had an improved external particle recirculation configuration
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that reduced the char particles escaping to the air-reactor. A CO,
capture of 95% at 985°C was then reached. Although no major
operational problems occurred and good results were obtained, the
use of NiO based oxygen-carriers at industrial-scale presents some
disadvantages due to its higher cost and environmental issues.

Low cost of the material is rather desirable for its use with
coal, as a partial loss together with the coal ashes is pre-
dictable when removing them from the reactor to avoid their
accumulation in the system. Recently, interest on the use of
CaS0,4 as oxygen-carrier has been showed by several research
groups. For instance, CaSO4 from natural anhydrite is a low
cost material with much higher oxygen transport capacity than
other proposed materials but lower reactivity with reducing
gases (Hy, CO and CH4) (Wang and Anthony, 2008; Song et al.,
2008).

Furthermore, there are some studies on the suitability of using
some minerals as iron ore, ilmenite, manganese ore or waste mate-
rials coming from steel industry and alumina production. Leion
et al. (2009) and Fossdal et al. (2011) analyzed the behavior of
several iron and manganese ores, as well as iron and manganese
industrial products, during repeated redox cycles at fluidizing
conditions using syngas or methane as fuel gases. Regarding the
reactivity, Fossdal et al. (2011) found a Mn ore as the most promis-
ing for CLC applications. However, Leion et al. (2009) concluded
that manganese ores showed poor mechanical stability and poor
fluidizing properties making them unsuitable as oxygen-carriers.
They found adequate materials based on manganese and iron
industrial products. In addition, iron based minerals, exhibited
high reactivity with mixtures of H, and CO being suitable for
both solid fuelled CLC and syngas combustion. An Australian nat-
ural mineral based in hematite as oxygen-carrier was used by
Gu et al. (2010). They successfully tested the CLC process during
30h in a 1kWy, facility with coal as fuel. Combustion efficien-
cies of 82-87% were obtained at a fuel-reactor temperature of
950°C. Besides, the adequate behavior of an iron waste mate-
rial as oxygen-carrier with respect to gas combustion was proved
in a continuous 500 Wy, CLC prototype by Ortiz et al. (2011)
using a simulated PSA off-gas stream, methane and syngas as fuel.
Among all these low cost materials, ilmenite is a natural mineral
which is promising for its large scale industrial use as oxygen-
carrier with solid fuels. It is mainly composed of FeTiO3 (FeO-TiO;),
where iron oxide is the active phase that behaves as the oxygen-
carrier.

Performance of ilmenite has been proved to be acceptable
as oxygen-carrier for CLC in recent studies made at different
scales. Reactivity of ilmenite in a batch fluidized bed for solid
fuels combustion was studied by Leion et al. (2008a). Ilmenite
gave high conversion of CO and H, but moderate conversion of
CH4. Fresh ilmenite reacts slowly, but there is a gain in reac-
tivity in reduction as well as in oxidation with the number of
cycles (Adanez et al., 2010), and eventually reactivities as high as
for a synthetic Fe,03-based oxygen-carrier were reached (Leion
et al., 2008b). The reaction kinetics of ilmenite for both reduc-
tion and oxidation reactions taking place in the CLC process was
studied by Abad et al. (2011). This activation occurred for Hy,
CO as well as CH4 as fuel gases, and was faster if ilmenite had
been previously calcined. The initial oxygen transport capacity
was measured to be 4wt.% and it decreased with the number of
cycles. In continuous operation with natural gas and syngas as
fuel, a Norwegian ilmenite was tested in a 120kW CLC facility
by Proll et al. (2009). Although some conditions needed opti-
mization, reasonable fuel conversion for CO and H; at 950°C
was obtained. Furthermore, syngas was combusted at 900°C in
a CLC dual fluidized bed system using an Australian ilmenite by
Bidwe et al. (2011) resulting in a steady-state conversion of circa
90%.

For ilmenite as oxygen-carrier, the feasibility of the CLC pro-
cess in the bigger scale and continuous operation was proved in a
10 kWy, chemical-looping combustor using South African coal and
petroleum coke as solid fuels by Berguerand and Lyngfelt (2008a,b).
This rig counts with a carbon stripper to increase the residence time
of char particles in the fuel-reactor. However, due to the feeding
system, volatile matter exits the system without getting in con-
tact with the oxygen-carrier bed and therefore the analysis was
only made to the gas conversion of the gasification products, i.e.,
H, and CO. The combustion of a Mexican petroleum coke using
ilmenite as oxygen-carrier was tested during 26 h (Berguerand
and Lyngfelt, 2009a). A CO, capture within the range 65-82% was
obtained, which are rather low values mainly because the fuel has
low reactivity. The performance of this rig could be improved by
increasing the residence time of the particles in the fuel-reactor
to get higher CO, capture and by increasing the separation effi-
ciency of the cyclone after the fuel-reactor. The solid fuel conversion
was 65-70%, whereas the incomplete gas conversion resulted into
the presence of unconverted gases, i.e., CHy, CO, H, and H,S, in
the fuel-reactor outlet stream that demanded 29-30% of the total
oxygen needed to fully burn coal to H,0 and CO,. The gas conver-
sion could be improved by a polishing step after the fuel-reactor,
or through a fuel-reactor design that got better contact between
the gases released by the fuel and the oxygen-carrier bed. When
a more reactive coal was used, it was confirmed that high car-
bon capture efficiencies can be obtained: 82-96% (Berguerand and
Lyngfelt, 2008a). Although in all tests there was some fraction of
unconverted gases, i.e., H, and CO, the importance of using high
temperatures in this process to get both high fuel and gas con-
versions was proven, and the oxygen demand at a fuel-reactor
temperature of 1000°C was as low as 5-7% (Berguerand and
Lyngfelt, 2009b). Furthermore, the effect that the mean residence
time of char particles given by a determined solids circulation flow-
rate has on the char conversion was assessed (Markstrom et al.,
2010).

On the whole, all studies to date confirm the feasibility of the
CLC technology with solid fuels and that ilmenite appears to be a
suitable material to be used for solid fuel combustion in a CLC sys-
tem, considering its chemical and physical properties and low cost.
Nevertheless, the good behavior of the fuel-reactor is fundamental
for the reliability of a CLC system. On the one hand, it will determine
the gas losses obtained at the exit of the reactor and the possible
necessity to take additional actions, as to recirculate the unburned
gases, e.g. CO, Hy or CHy, after removing H,0 and CO, from the flue
gas, or to add a final gas polishing step by O, addition. On the other
hand, the gasification rate will affect the char concentration in the
bed and the carbon stripper performance.

The aim of this work was to investigate the capability of
ilmenite to process coal as fuel in a coal fuelled CLC reactor,
when ilmenite is continuously circulated between the fuel- and
air-reactor and coal is continuously fed to the fuel-reactor. The
conversion of gasifying products and volatile matter to CO, and
H,0 by reaction with ilmenite was studied in a 500 Wy, unit,
besides the gasification of char in the fuel-reactor. A Colombian
bituminous coal was used as fuel. The experiments were car-
ried out at 820-950°C in the fuel-reactor, and the fluidizing gas
was pure steam, which also acts as gasifying agent. The effect
of fuel-reactor temperature and coal particle size on the extent
of gasification in the fuel-reactor and oxygen polishing require-
ments was investigated. Special attention was done in the relevance
of gasifying products and volatiles in the oxygen demand. Fur-
thermore, the evolution of chemical and physical properties of
ilmenite particles with the time in continuous operation was also
evaluated. The results obtained are analyzed and discussed in
order to be useful for the scale-up of the CLC with solids fuel
process.
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Table 1
Fresh and calcined ilmenite compositions (wt.%).

Table 3
Ultimate analysis of the used pre-treated Colombian char coal.

Fresh ilmenite Calcined ilmenite

Fe;03 14.8 11.2
FeTiO3 65.5 -
Fe,TiOs - 54.7
TiO, 14.0 28.6
Inerts 5.7 5.5

2. Experimental
2.1. llmenite and coal

The oxygen-carrier used in this work is an iron titanium oxide
called ilmenite, which is extracted from a natural ore and provided
by the Norwegian company Titania A/S and received in its reduced
form FeTiOs. The ilmenite used was pre-calcined at 950°C. The pre-
oxidation was carried out to get ilmenite to its most oxidized state
and improve properties and initial reaction rates (Adanez et al.,
2010; Leion et al., 2008b). Moreover, a pre-oxidation of ilmenite
was also beneficial in order to avoid defluidization problems (Proll
etal., 2009). The same type of ilmenite has been already used in sev-
eral studies in continuous testing (Bidwe et al., 2011; Berguerand
and Lyngfelt, 2008a,b, 2009a,b). The oxidized species present in
ilmenite are Fe,TiOs, Fe;03 and TiO;, and its reduced state for
the CLC technology is mainly composed of FeTiO3, Fe304 and TiO,.
The initial oxygen transport capacity was measured to be 4.0 wt.%.
Table 1 shows the compositions of both fresh and calcined ilmenite.
The true density of ilmenite particles was 3980 kg/m3. The particle
size used was +150-300 wm. More details about the composition,
physical properties and reactivity of ilmenite particles can be found
elsewhere (Adanez et al., 2010; Abad et al., 2011).

The fuel used was a bituminous Colombian coal “El Cerre-
jon”. The coal was subjected to a thermal pre-treatment for
pre-oxidation in order to reduce its swelling properties. Thus, coal
was placed in trays in layers of about 3 mm height and exposed to
heating at 180°C in air atmosphere for 28 h. The use of pre-treated
coal avoids the pipe clogging and coal particles agglomeration
showed when fresh coal was used. Ultimate and proximate anal-
yses of the fresh and pre-treated coal are shown in Table 2. The
pre-oxidation causes an increase in oxygen content and a decrease
in the heating value. The density of coal particles was 1600 kg/m?3.
Three different coal particle sizes were used: +74-125, +125-200
and +200-300 pm.

Char of the used coal was produced and fed as fuel in the CLC sys-
tem in order to evaluate separately the combustion of char and of
volatile matter. Thus, part of the pre-treated coal was devolatilized
by heating it up to 900 °C in a batch fluidized bed reactor, keeping

Table 2
Properties of the fresh and pre-treated Colombian coal.

Fresh Colombian coal

C 68.0% Moisture 6.2%
H 4.2% Volatile matter 33.4%
N 1.6% Fixed carbon 48.5%
S 0.6% Ash 11.9%
(6] 7.5%

Low heating value: 25,878 kJ/kg
Pre-treated Colombian coal

C 65.8% Moisture 2.3%
H 3.3% Volatile matter 33.0%
N 1.6% Fixed carbon 55.9%
S 0.6% Ash 8.8%
(¢} 17.6%

Low heating value: 21,899 k]/kg

79.8%
0.7%
1.3%
0.6%
4.0%

owzIn

the solids permanently in bubbling bed conditions fluidized with
N, in inert atmosphere. The ultimate analysis of the resulting char
is shown in Table 3. The char particle size was +125-200 pm.

2.2. Oxygen-carrier characterization

Various samples of ilmenite were taken to evaluate the evolu-
tion and change of the particles properties during the continuous
performance. The textural properties of the oxygen-carrier samples
were determined by Hg intrusion in a Quantachrome PoreMaster
33; solid density was measured by a He Micromeritics AccuPyc Il
1340 picnometer.

A thermogravimetric analyzer (TGA) was used for the determi-
nation of the reactivity and activation extent of ilmenite by means
of its reaction rate in reduction and oxidation of every extracted
sample. The TGA was also used to measure the oxygen transport
capacity of the samples. The thermogravimetric analyzer is a CI
Electronics type. More information about this set-up can be found
elsewhere (Adanez et al., 2004). The experiments were performed
at 900°C with a 5% H; +40% H, 0 mixture, and afterwards to oxida-
tion conditions in air. The reductions were done with a reducing gas
with a H,O:H, ratio of 8:1 to ensure that the final oxygen-carrier
reduced species are FeTiO3 and Fe304. The reaction rates of the
samples extracted during the continuous testing were compared
to the initial calcined ilmenite and a fully activated sample.

2.3. 500 Wy, coal fuelled CLC reactor

In this work, the CLC technology with a Colombian bitumi-
nous coal was investigated in the ICB-CSIC-s1 continuous rig using
ilmenite as oxygen-carrier. A schematic view of the experiment
facility is shown in Fig. 2. The CLC system was basically composed
of two interconnected fluidized-bed (FB) reactors, the fuel-reactor
(FR) (1) and the air-reactor (AR) (3), joined by a loop seal (2), a riser
(4) for solids transport from the air- to the fuel-reactor, a cyclone to
recover the entrained solids (5) and a solids valve (7) to control the
flow rate of solids fed to the fuel-reactor. The temperatures in the
different sectors of the plant can be set, as it is heated up by various
furnaces (10), i.e., in the air-reactor and bottom bed and freeboard
of the fuel-reactor.

The fuel-reactor consisted of a bubbling fluidized bed with 5cm
of inner diameter and 20 cm bed height. Coal (8) is fed by a screw
feeder at the bottom of the bed above the fuel-reactor distributor
plate in order to maximize the time that volatile matter is in con-
tact with the bed material. The screw feeder (9) has two steps: the
first one with variable speed to control the coal flow rate, and the
second has high rotating velocity to avoid coal pyrolysis inside the
screw. A small N, flow is fed in the beginning of the screw to avoid
possible volatile reverse flow or entrance of steam. The maximum
thermal power capacity of the unit was 500 Wy, for the Colom-
bian coal used in this work. In the fuel-reactor the oxygen-carrier
is reduced by the volatile matter and gasification products of coal,
where Hy and CO are the main components. The fuel-reactor is flu-
idized by steam, which acts also as a gasifying agent. The solid fuel
devolatilization proceeds in the fuel-reactor first and the resulting
gases and gasification products are oxidized through reduction of
the oxidized ilmenite. Reduced oxygen-carrier particles overflowed
into the air-reactor through a U-shaped fluidized bed loop seal with
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1.- Fuel Reactor, FR

2.- Loop Seal

3.- Air Reactor, AR

4.- Riser

5.- Cyclone

6.- Diverting solids valve

Gas analysis

7.- Solids control valve
8.-Coal

9.- Screw feeders

10.- Furnaces

11.- Vaporizer

Fig. 2. Schematic diagram of the ICB-CSIC-s1 facility for coal-fuelled CLC.

an inner diameter of 5 cm, to avoid gas mixing between fuel and air.
Since this rig has no carbon stripper, unconverted char from the
fuel-reactor goes to the air-reactor and is fully burnt there, releas-
ing the CO, that is measured in the air-reactor. The implementation
of a carbon stripper would decrease the CO, flow in the air-reactor
and thereby the carbon capture efficiency would increase. How-
ever, the absence of a carbon stripper facilitates the interpretation
of the effect of these operational conditions on the results obtained.

The oxidation of the carrier took place in the air-reactor, consist-
ing of a bubbling FB fluidized with air with 8 cm of inner diameter
and 10 cm bed height, and followed by a riser. Secondary air was
introduced at the top of the bubbling bed to help particle entrain-
ment. N, and unreacted O, left the air-reactor and went through a
high-efficiency cyclone and a filter before the stack. The oxidized
solid particles recovered by the cyclone were sent to a solids reser-
voir, setting the oxygen-carrier ready to start a new cycle. These
particles act as a loop seal avoiding the leakage of gas between
the fuel-reactor and riser. Previous testing in the ICB-CSIC-s1 con-
tinuous rig confirmed that there was no gas leakage between
reactors and that the pressure balance was adequate. The regener-
ated oxygen-carrier particles returned to the fuel-reactor by gravity
from the solids reservoir through a solids valve which controlled
the flow rates of solids entering the fuel-reactor. The solid valve
consists of a hole which can be partially closed by a sliding sheet. A
diverting solids valve located below the cyclone allowed the mea-
surement of the solids flow rates at any time. The total ilmenite bed
mass in the system was 3.5 kg and the solids bed mass in the fuel-
reactor was 0.8 kg ilmenite, as the solids level in the fuel-reactor is
fixed and the exceeding overflows and heads for the air-reactor.

In the fuel-reactor a steam flow of 180Ly/h was introduced
(corresponding to a velocity of 0.11 m/s at 900°C) and in the air-
reactor the total stream of primary plus secondary air flow was
2500 Ly/h (corresponding to a velocity of 0.6 m/s at 900 °C). The cir-
culation flow rate was measured and controlled to be about 2.1 kg/h
and the coal flow was about 42 g/h, corresponding to a thermal
power of 255Wy,. That is, the solids hold-up in the fuel-reactor
was 3140 kg/MWy,.

During operation, temperatures in the bed and freeboard of the
fuel-reactor, air-reactor bed and riser were monitored as well as
the pressure drops in important locations of the system, such as
the fuel-reactor bed, the air-reactor bed and the loop seal. Because
of its small size, the system is not auto-thermal and is heated up
with various ovens to get independent temperature control of the
air-reactor, fuel-reactor, and fuel-reactor freeboard. The tempera-
ture in the air-reactor was maintained at around 950°C and the
fuel-reactor temperature was varied from 820°C to 950°C. The
fuel-reactor freeboard is kept constant at about 900°C in all the
experiments. Different experiments were carried out varying the
temperature and using different particle size of coal. 40 different
stable conditions were reached with ilmenite as bed material: in
30 of them coal was fed and 10 with char. One further experiment
was done with coal as fuel, but silica sand as inert bed material. At
least every condition was maintained stable during 30 min. A total
of 35 h of continuous operation feeding fuel and 42 h of continuous
fluidization were made.

CO, CO,, Hy, CH4, and O, were continuously analyzed in the exit
streams from the fuel-reactor and from the air-reactor. Nondisper-
sive infrared (NDIR) analyzers (Maihak S710/UNOR) were used for
CO, CO,, and CH4 concentration determination; a paramagnetic
analyzer (Maihak S710/0OXOR-P) was used for O, concentra-
tion determination; and a thermal conductivity detector (Maihak
S710/THERMOR) was used for H, concentration determination.
All data were collected by means of a data logger connected to a
computer. In some selected experiments the tar amount present
in fuel-reactor product gases was determined following the tar
protocol (Simell et al., 2000). Collection of moisture and tar was per-
formed inaseries of 8 impinger bottles by absorption inisopropanol
and later cooling in external baths. Two different cooling baths
were used. The first was an ice bath, where the first 2 impingers
were located. The first was empty and the second contains iso-
propanol. These impingers recover the majority of moisture and
aromatic tar compounds (styrene, indene, benzene, etc.) and light
Polycyclic aromatic hydrocarbons (PAHs), mainly naphthalene.
The second bath contains 6 impingers at —18°C. Several gaseous
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samples from the fuel-reactor stream were also taken in bags in
order to measure the components through gas chromatography
analysis.

3. Data evaluation

The evaluation of the fuel-reactor performance is carried out
by the analysis of two main parameters: the carbon capture and
the combustion efficiency. The oxygen demand is also calculated
in order to know the oxygen requirements in the oxygen polishing
step, if required. The purpose of the data evaluation is to assess
the performance of the process in the different experiments done,
using the measured values of the variables.

The efficiencies that indicate the performance of the process
are defined as follows. The carbon capture efficiency, ncc, is the
fraction of the carbon introduced that is converted to gas in the fuel-
reactor. As it will be later explained, as carbon containing species in
the fuel-reactor product gas only CHg, CO and CO, were taken into
account, as the measured tars and hydrocarbons heavier than CHy
were negligible. The carbon measured in the gases coming from
the fuel-reactor and the air-reactor is less than the carbon present
in the introduced coal, because there is elutriation of char. How-
ever, in case of an industrial plant the possible elutriated char will
be collected in a cyclone and reintroduced in the fuel-reactor. The
elutriated char flow was calculated as the difference between the
fed coal carbon and the measured carbon in the fuel-reactor and
air-reactor outlet gas flows. Thus, only the effective coal fed was
considered to evaluate the performance of the plant. The carbon
of the effective coal is the sum of all carbon containing species
measured in the outlet streams of both fuel- and air-reactor. The
calculations for the technology assessment were therefore done
following these considerations. Thus, the carbon capture efficiency
was calculated as:

_ Fco,,rr + Fco,rr + Fen, Fr
Fco,.Fr + Fco,rr + Fcny, FR + Fco,,AR

(6)

Ncc

FcHy,FRy FH,,rr and Fco pr being the flows in the fuel-reactor of
CH4, Hy and CO. These flows were calculated from the CHy, H;
and CO concentrations at the fuel-reactor exit which were on-line
analyzed. The carbon of the unreacted char flowing towards the
air-reactor is the CO, gas flow in the air-reactor, Fco,, AR-

The gas flows of every gas were calculated by multiplying the
corresponding gas fraction and the outlet gas flow, i.e., Fgg in the
case of the fuel-reactor, and Fag for the air-reactor. The dry basis
product gas flow, Fgr, was calculated by using the N; flow Fy, rr
that is introduced in the fuel-reactor coming from the Loop Seal.
Preliminary results showed that about 65% of the N, introduced
to fluidize the Loop Seal went to the fuel-reactor and the rest to
the air-reactor. The outlet air-reactor gas flow, Fag, was calculated
though the introduced Ny, Fy, ar, Which is sum of the N; present
in the air introduced in the air-reactor and the N, coming from the
Loop Seal.

FN,.FR
1 — (¥cH,,FR + Y0, FR +YCO,FR + YH,,FR)

(7)

Frr =

Fn,, AR
1 - (Yco,,AR +Y0,,AR)

(8)

Far =

YCH,FR» Yco,FR» Ycopr and ym, pr are the dry basis fractions in
the fuel-reactor product gas of CHy, CO,, CO and H,, respectively.
Y0,AR> Yco, AR are the fractions in the air-reactor outlet flow of O,
and CO,, respectively. The char conversion, Xy, is defined as the

fraction of carbon in the effective char fed to the fuel-reactor which
is released to the fuel-reactor outgoing gas stream:

CeharFR _ Fco, rR + Fco,rr + Fcny,rr — Cyol
Cehareft  Fco,,FR + Fco, R + FcHy, FR + Fco,,AR — Cuol

(9)

Xchar =

The flow of carbon in char converted in the fuel-reactor, Ccpyr Fr»
was calculated as difference of the carbon in gases in the fuel-
reactor outgoing flow, and the carbon flow coming from the volatile
matter, C,,. The carbon content of the volatiles is directly calculated
using the elementary and proximate analyses of both the coal used
and char. Cep,y eff is the flow of carbon contained in the introduced
effective char and was calculated as the carbon flow in the effective
coal minus the carbon flow coming from the volatile matter.

The combustion efficiency, 7¢omp., is @ measure of gas conversion
and represents the extent of oxidation of volatiles and gasification
products by the oxygen-carrier. The combustion efficiency in the
fuel-reactor is calculated as the fraction of the oxygen demanded
by the volatile matter and gasification products that is supplied
by the oxygen-carrier in the fuel-reactor. It is therefore dependent
on the reaction rate of ilmenite with the gaseous fuels and on the
amount of gases generated. The oxygen supplied by ilmenite in the
fuel-reactor is calculated through the oxygen containing species in
the fuel-reactor product gas. The sum of volatile matter and gasi-
fied char is calculated as the effective coal introduced minus the
char flowing towards the air-reactor, Fco, ar. For a carbon stripper
with 100% separation efficiency, no CO, would go to the air-reactor
and the here defined combustion efficiency would correspond to
the efficiency of combustion of the effective coal. Therefore, the
combustion efficiency was calculated as:

0.5 - (Fu,0,Frout — Fi1,0,in) + Fco, FR + 0.5 - Fco,rr — 0.5 - Ocoal, eft
02 demand coal,eff — FCOZ,AR

(10)

Necomb =

Fi,0,FRoue» Feo,,Fr @and Feo pr being, respectively, the fuel-reactor
outlet flows of water, CO, and CO. O,y eff is the flow of oxygen
contained in the effective coal introduced. Oy gemand coaleff OF the
oxygen demand of the effective coal flow is the molar oxygen flow
as O, needed to burn the fuel completely and is calculated with the
volatile matter in the coal feed and the effective char flow.

An total oxygen demand for the fuel-reactor gases, 21, was
defined, as the fraction of oxygen lacking to achieve a complete
combustion of the fuel-reactor product gas in comparison to the
oxygen demand of the effective introduced coal, O3 dgemand coaleff-
This parameter is the most adequate to evaluate the performance of
the combustion process in this facility, since it is the demand of the
coal actually involved in the conversion process in the fuel-reactor.

O OZdemandgasesFR 2‘FCH4,FR+0-5‘FH2,FR+0-5 'FCO,FR
T = =

= (11)
02 demand coal, eff o2 demand coal, eff

The residence time of char and ilmenite particles were cal-
culated assuming perfect mixing of ilmenite in the fuel reactor.
Assuming that char and ash present in the bed are low, the mean
residence time of ilmenite, ¢, jm, is calculated by Eq. (12).

Miim, FR

(12)
Fiim

tm,ilm =
Miim rr being the fuel-reactor bed mass or solid hold-up in the fuel-
reactor, and Fyj,, the solids circulation rate. The meanresidence time
for ilmenite was calculated to be about 24 min in all experiments.
The elutriation of char particles affect to the residence time of
these particles in the reactor. The residence time of ilmenite and
char would be the same, but since there is char elutriation, the
mean residence time of char, ty, char, should be lower than the res-
idence time for ilmenite particles. It was calculated as the mass
of char in the fuel-reactor, My r, divided by the char flow that
exits the fuel-reactor, sum of the carbon flow from the elutriated
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char, Cepar efutr» @and the carbon flow from the char to the air-reactor,
Cchar,AR-
mchar,FR _ %Cchar,FR . milm,FR/(]OO . MC)

tm,char = = ( 1 3)
’ Cchar,AR + Cchar elutr Cchar,AR + Ccharelutr

%Cechar,rr 1S the carbon concentration from char in the fuel-reactor,
which is calculated considering the carbon char flow that exits the
fuel-reactor and goes to the air-reactor, Cchar ar. divided by the sum
of the char and ilmenite flows entering the air-reactor.

%C Cchar,AR . MC
©°Lchar,FR = C

_ —charARTFC qpp (14)
char,AR * MC + Film

For the reactivity analysis by TGA, the conversion level of the
ilmenite, Xjj,, was calculated for the reduction and oxidation reac-
tions as:

For reduction:

me —m
Xim = ——— 15
ilm RO,ilm Mo ( )
For oxidation:
m—my
Xim=~-——"— 16
ilm RO,ilm Mo ( )

where m is the instantaneous mass, and m, and m; are the mass
of fully oxidized and reduced ilmenite at the reacting condition,
respectively. The oxygen transport capacity for ilmenite, Rg jjm, Was
defined as the mass fraction of the oxygen-carrier that is used in
the oxygen transfer, calculated as:

Mo — My

Ro,ilm = (17)

o}

The initial oxygen transport capacity of this ilmenite, Rg jjm, was
4.0 wt.%, being Fe,TiO5 and Fe, 05 the oxidized species and FeTiO3
and Fe30,4 the final reduced species in a CLC process.

4. Results and discussion

To determine the behavior of ilmenite as oxygen-carrier during
coal combustion, several tests were carried out at different temper-
atures and for different particle sizes of coal. In addition, to evaluate
the volatile matter combustion, as well as the char gasification itself
in the continuous testing, experiments with char coal feed were also
done. Furthermore, the effect of the oxygen-carrier in gasification
and combustion of coal was assessed by carrying out experiments
with an inert bed material.

The CLC prototype was easy to operate and control, and the
steady state for each operating condition was maintained for
at least 30min. The experiments have been carried out when
ilmenite was already activated for reduction, so that the reactivity
of ilmenite was maximum and constant and did not affect the eval-
uation of other parameters. Nevertheless, the activation process
during the first hours of operation will be later analyzed.

As representative of the gas distributions obtained in this study,
the evolution with time of temperature and gas concentration from
the air and fuel-reactors is shown in Fig. 3 for experimental tests
with the coal particle size of +125-200 pm for different fuel-reactor
temperatures when it was increased from 820 to 950°C. The con-
centrations in fuel-reactor are in dry basis and N, free. Steady state
after any parameter change was fast reached and all the points
were therefore evaluated at stable conditions. The outlet of the fuel-
reactor was mainly composed of oxidized CO,, and H, and CO as
not fully oxidized products of devolatilization and char gasification.

4.1. Effect of the fuel-reactor temperature on the process

The influence of the fuel-reactor temperature on the main
parameters of the CLC process for different coal particle sizes was
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Fig. 3. Gas distributions in fuel-reactor (dry basis and N, free concentrations) and
air-reactor for increasing fuel-reactor temperature. Solids circulation flow: 2.1 kg/h.
Coal particle size: +125-200 pm.

studied. As seen in Fig. 3, the outlet of the fuel-reactor is mainly
composed of oxidized CO,, and H, and CO as not fully oxidized
products of char gasification. It is remarkable to note that the
amount of CH4 measured in all experiments was low.

Besides, special experiments were carried out at constant condi-
tions for longer than one hour to determine the presence of higher
hydrocarbons. Tar measurements in the fuel-reactor were done
using tar protocol. The results showed that there were no tars in
the fuel-reactor outlet flow. Later GC measurements proved also
that there were no C;-Cy4 volatiles in the fuel-reactor. It was there-
fore considered for the calculations that all hydrocarbons from the
pyrolysis of the introduced coal heavier than CH4 were reformed or
partially or fully oxidized in the fuel-reactor by ilmenite and came
out in the fuel-reactor product gas. On the whole, the product gas
was only composed by CHy, CO,, CO, H, and H,O. Furthermore, CHy4
concentration was always below 3% in dry and N, free basis.

There was some char elutriation from the fuel-reactor during
the experiments. Black solid particles, which were analyzed to be
char particles, were recovered in the first liquid container of the
tar condensation train. An estimation of the elutriated char flow
was done, by filtering, drying and weighting the amount of char
that was collected in the mentioned container during one hour of
continuous stable operation. The measured elutriated char flow by
this method was similar to the elutriated char flow calculated as the
difference between the fed coal carbon and the measured carbon in
the fuel-reactor and air-reactor outlet gas flows. Thus, the so-called
effective coal that was really fed into the system is the sum between
the volatile matter and the char flow that was not elutriated.

Fig. 4 shows the variation with the temperature of concentra-
tions of CO,, CO and H, at the outlet of the fuel-reactor in dry and
free N, basis for the different particle sizes. On the one hand, the
gasificationrate is faster at higher temperatures and higher amount
of gasification products are generated. On the other hand, combus-
tion reactions are also promoted with increasing temperatures, and
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Fig.4. CO,, CO and H, concentration in the fuel-reactor (dry free N, basis) at different fuel-reactor temperatures for different coal particle size. Particle size: (O) 74-125 pum;
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therefore more CO, and H,O as products of combustion are gener-
ated. This has a positive effect on the char conversion, because the
oxidation of CO and H, leads to a lower amount of these gasification
inhibitors in the fuel-reactor. The gas composition was similar for
coal particle sizes of +125-200 pm and +200-300 wm. However, a
lower amount of carbon was detected for the lower particle size
(+74-125 p.m) because a relevant fraction of char was elutriated
from the bed. This issue will be analyzed in the next section.

Fig. 5 represents the char conversion and carbon capture and
combustion efficiencies as a function of the reactor temperature
for different coal particle sizes. As it was presumable, the results
show that there is a continuous increase of efficiency with the tem-
perature for all coal particle sizes. Char conversion changed from
15% at 870°C to 82% at 950°C as extreme cases. For the middle
and bigger particle sizes, the combustion efficiency varied from
70% at 870°C to 95% at 950°C. It is likely that the combustion effi-
ciencies observed for the smaller particle size were lower because
more char particles are elutriated and do not get in contact with
the oxygen-carrier. This is later further discussed. The carbon cap-
ture at 870 °C had a value of 35% and increased up to 86% at 950°C.
The calculated char concentration in the fuel-reactor bed for all the
experiments was about 0.35%. If a carbon separation system was
implemented, the carbon capture efficiency should be higher, as
well as the char concentration in the fuel-reactor should increase
until the new steady state was reached.

At the lower temperature the carbon capture efficiency is close
to the volatile matter content of the coal, see Table 1. This means
that most of carbon in the gases comes from the volatiles, and few

amounts of char are being gasified. Note that in this rig and most
notably below 920 °C, carbon capture presents low values. This is
because the gasification rate at these temperatures is slow and thus
a relatively high amount of char goes to the air-reactor.

The increase in the carbon capture efficiency with the temper-
ature is due to more carbon in char is being gasified in the reactor.
If the trends are extrapolated, it could be expected that all efficien-
cies would reach a value close to 100% at 1000 °C, which means
that most of carbon in the coal would exit with the fuel-reactor
flue gases. This trend is in concordance with the results found at
high temperatures by Berguerand and Lyngfelt (2009b). At 950°C
they obtained carbon capture efficiency of 82-96% for South African
coal (Berguerand and Lyngfelt, 2009a) and between 60% and 75%
for petroleum coke (Berguerand and Lyngfelt, 2008b).

Fig. 6 shows the oxygen demand due to the unburnt gases
present in fuel-reactor, 21, at the different temperatures and
the coal particle sizes used. Regarding the temperature, it can
be seen that 21 decreases because of the increase in ilmenite
reaction rate with the temperature. However, the 21 drop is
slight. This can be explained through the raise of the gasification
rate: there is more production of the gasification products, H,
and CO, which must react with ilmenite. This fact suggests that
the increase in the oxygen-carrier reactivity with the tempera-
ture is comparable to the increase of the gasification rate. For the
medium and bigger coal particle size tested, the oxygen demand
was within the values 5-10% for the temperature range 820-950°C.
Higher oxygen demand was determined for the smallest particle
size.
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Fig. 6. Oxygen demand variation with the fuel-reactor temperature for different
coal particle sizes.

4.2. Effect of the coal particle size

The effect of the coal particle size on the process performance
was investigated because it is a key parameter in the operation of
fluidized-bed reactors. As it can be seen in Fig. 5, minor differences
were found for the char conversion and carbon capture with dif-
ferent particle size. However, a more detailed analysis shows that
the oxygen demand depended on the particle size. Fig. 6 showed
that the total oxygen demand, §2r, increased as the particle size
was decreasing. This behavior can be related to different flow of
char elutriated from the bed for different particle size. Fig. 7 shows
the calculated fraction of elutriated char for the different experi-
ments made at different temperatures and coal particle sizes. As
expected, smaller particles are more easily elutriated than bigger
particles. For particle sizes of +74-125 pm about 35% of the intro-
duced char had been elutriated, whereas lower values than 5% were
found in most cases for bigger particles.

The lower values calculated for the combustion efficiency or
higher oxygen demands for the smaller particles in this unit were
related to the relatively high amounts of CO and H, in the gas
product from fuel-reactor, showed in Fig. 4. Unconverted gaseous
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Fig. 7. Elutriated char fraction variation with the fuel-reactor temperature for dif-
ferent coal particle sizes.
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Fig. 8. Ratio between char and ilmenite mean residence times at different fuel-
reactor temperatures and for different coal particle sizes. ty jjm =24 min.

products, i.e., CO, H, and CHy, can come from a partial oxidation
of the gases in the fuel-reactor, as well as char gasification in the
fuel-reactor freeboard. The high values obtained for elutriated char
with the lower coal particle size caused a higher fraction of char
in the freeboard for smaller particles. The result was therefore
that gasified fuel particles in the freeboard had not been in con-
tact with the ilmenite particles that remain at the bottom bed and
thus production of CO and H, was higher for the smaller coal size.
Thus, the combustion efficiency decreased for the particle size of
+74-125 pm (see Fig. 5) because the gasification products in the
freeboard were not burnt, although the char conversion was rather
constant. Indeed, the total oxygen demand, £2t, increased when the
particle size decreased (see Fig. 6).

The average mean residence time of ilmenite in the above
described experiments was 10 min. However, as there was char elu-
triation, the residence time of char particles should be lower than it
was for ilmenite. Fig. 8 represents the ratio between the calculated
mean residence time of char particles and mean residence time of
ilmenite particles for different temperatures and coal particle sizes.
Residence times of char, ty, char, were always lower than ilmenite
residence times, ty jim. This difference was a consequence of the
char elutriation. For the bigger coal particle size the ratio between
the residence time of char and ilmenite particles was very close to
the unity and the &y, char/tm iim Tatio was lower for smaller particles
because the fraction of elutriated particles was higher. At about
900°C the residence time of char was 23 min for +200-300 p.m,
18 min for +125-200 wm and decreased to 11 min for +74-125 pm.
Smaller particles had lower time for gasification in the reactor than
coarse particles. However, the char conversion is barely affected by
the particle size because both the numerator and denominator of
Eq. (9) decrease with the coal particle size. The amount of char gasi-
fied in the fuel-reactor was therefore lower for smaller particle sizes
as well as the effective char introduced. Furthermore, the difference
between tp, char and t, iy, Was greater for higher temperatures. This
decrease of tp, oy With the temperature could be because at higher
temperatures char gasification is promoted, being the smaller or
more porous resulting char particles easier elutriated.

If a simplified model is used, an approximation to the char
gasification rates for the experiments performed at different tem-
peratures with the coal particle sizes tested can be obtained. The
fuel-reactor is considered to follow a continuous stirred-tank reac-
tor (CSTR) model. Itis also assumed that the solid fuel reacts atarate
which is proportional to the mass. The carbon char lost exiting the
fuel-reactor that enters the air-reactor, Cchar ar, Can be expressed
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as a function of the effective carbon char introduced in the CLC sys-
tem, Cepareff, and (—r¢)-tm char» Where (—r¢) is the rate of char coal
conversion and ty, ch,y is the char mean residence time:

CcharAR 1
- (18)
Cchareff (_rC) : tm,char +1

Fig. 9 shows the calculated char gasification rates with this simpli-
fied model for experiments performed at a temperature range and
for the three particle sizes tested. The gasification rate increased
with the temperature for every particle size.

The gasification rates at different temperatures using steam
as gasification agent for El Cerrejéon coal was obtained also by
Linderholm et al. (2011). For a comparison purpose, Fig. 9 also
represents the theoretical gasification rate as a function of the tem-
perature that would be expected as for these mentioned results.
The values for char gasification obtained in this continuous per-
formance are close to the previous results from batch testing by
Linderholm et al. (2011), but somewhat lower. However, the gasi-
fication rates here obtained were higher than the corresponding
found with TGA analysis (Cuadrat et al., 2011).

As it was stated before with the char conversions, it can be seen
that in general the gasification rate does not depend on the particle
size, as the values are similar at a given temperature for the coal
particle size tested. Nevertheless, for the smaller particle size the
values were lower at higher temperatures. This was because for the
+74-125 pm particles there was some gasification taking place in
the freeboard and lower gasification rates in the bed were obtained,
which is in line with what was already seen.

4.3. Char gasification

10 experiments were done using char coal previously produced
in FB fluidized with N, in which the temperature in the fuel-reactor
was varied from 815 to 910 °C. The ultimate analysis of the char is
shown in Table 3. The fuel feed was 60.5 g/h, which corresponds
to a thermal power of 370 Wy,. The char particle size used was
+125-200 wm. For further comparison, the results obtained are
analyzed together with the results of the +125-200 wm coal tests,
for which 10 experiments with Tgg variation were done.

Fig. 10 shows the free N, basis CO,, CO and H, dry
concentrations obtained in the fuel-reactor at different fuel-
reactor temperatures for all experiments tested when feeding
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Fig. 10. CO,, CO and H; concentration in the fuel-reactor (dry free N, basis) at
different fuel-reactor temperatures for +125-200 wm char (filled symbol plots) and
+125-200 pm coal (void symbol plots).

+125-200 pm char and when introducing +125-200 pwm coal as
fuel. The oxidation with ilmenite of the gasification products
increases with the temperature, which causes the decrease of CO
and H; and fast increase in the CO, concentration with Tgg when
using char as fuel. Above 890 °C the fuel-reactor exit flow is practi-
cally composed only by CO, in dry basis. This trend can be also seen
in the tests with coal, but smoother, since the combustion behavior
of volatile matter is different.

For char as fuel, the carbon capture and the defined char conver-
sion are coincident. The char conversion using char as fuel increased
with the temperature from 5% at 820°C to 23% at 910°C. The
char residence times were calculated to be 3-5min. As it can be
seen in Fig. 11, for coal experiments higher char conversions were
obtained. This was because the char residence time in these tests
was higher: 7-22 min. Higher char fraction was elutriated when
using char as fuel, about 25%, whereas for the coal tests used as
reference was 10-20%.

The oxygen demand for char particles at temperatures higher
than 890 °C was near to zero (see Fig. 12), that is, although not all
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Fig. 11. Char conversion and combustion efficiencies at different fuel-reactor tem-
peratures for +125-200 pwm char (filled symbol plots) and +125-200 pm coal (void
symbol plots).
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the char was gasified, the produced gases were burnt by ilmenite,
which corresponded to a combustion efficiency close to 100% (see
Fig. 11). This confirmed that the gasification is the limiting step of
this process. Since in the large scale the CLC process will be per-
formed at high temperatures and for enough oxygen-carrier bed
mass, it is expected that the combustion efficiency of the gasifi-
cation products reached high values. Thus, the outgoing unburnt
gases seen in the fuel-reactor when using coal as fuel were part of
the volatile matter that had not been fully oxidized by ilmenite, and
the oxygen demand observed at higher temperatures was mainly
due to some unburnt volatile matter. In addition, other possible
problems that could cause unburnt gases in the fuel-reactor, would
be caused by the later gasification of elutriated char particles in the
fuel-reactor freeboard that would not be in contact with ilmenite
particles, or insufficient residence time in contact with ilmenite of
part of the gasification products.

Thus, in order to avoid unreacted fuel gases in offgas a sub-
sequent oxygen polishing step can be implemented, as already
proposed by Berguerand and Lyngfelt (2008a). To reduce the oxy-
gen requirements in this polishing step, an improved design of the
fuel-reactor could be done in order to get better contact between
the volatile matter and the oxygen-carrier particles.

4.4. Volatile matter combustion

A key aspect of the process is the oxidation of the gasification
products by ilmenite, as well as the released volatile matter, and
possible tars formed. In order to evaluate to what extent ilmenite
oxidizes the volatile matter, an experiment with sand as inert bed
material was done with coal as fuel at 915 °C and steam as gasifica-
tion agent in the fuel-reactor. The total sand bed mass in the system
was 1.8 kg and the solid bed mass in the fuel-reactor was 0.38 kg
sand.

The results obtained were compared to the experiments per-
formed at the same temperature with ilmenite as bed material
with coal as fuel and with char as fuel. GC analysis of the outgo-
ing fuel-reactor gases was done to measure possible hydrocarbons,

Table 6

Table 4

Relative fraction of the carbon from volatile matter and carbon from gasified char
in comparison to the total carbon outgoing with the fuel-reactor product gas. Tests
with sand and ilmenite as bed material. Trr =915 °C.

Coal +Sand Coal +Ilmenite
Sol o o
W‘W 88.5% 42.6%
BT 11.5% 57.4%

(Fen, +Fco+Feo, )

Table 5

Flows of the generated gases, i.e., CH4, CO and CO,, released from the devolatilization
in comparison to the total carbon contained in the fed volatile matter. Tests with
sand and ilmenite as bed material. Tgrr =915 °C.

Coal +Sand Coal +Ilmenite
( [yt 10.2% 6.3%
E vol
( 0. ) 36.7% 23.7%
vol
Feop iR 53.1% 70.0%
crm vol ' '

and possible tar formation was also measured following the tar
protocol. The fed coal flow was 75 g/h. The particle size used was
+125-200 p.m and it is here compared with the test performed at
915°C with +125-200 wm coal and ilmenite as bed material, for
which the coal flow was 48 g/h.

For sand as bed material, the GC measurement showed that the
fuel-reactor product gas had compositions of 0.13vol.% C;Hg and
0.04vol.% C3Hg. Besides, the tar content in the fuel-reactor was
measured to be 0.895g/Nm3 dry gas, following the tar protocol.
Although the quantities measured of both tars and higher hydro-
carbons for this fuel were quite low in absence of an oxygen-carrier,
ilmenite has shown to help with the decomposition and later oxi-
dation of those species, since no tars either higher hydrocarbons
than CH4 were formed when using ilmenite.

A summary with the main results of both continuous tests using
sand and ilmenite are gathered in Tables 4-6. From the ultimate and
proximate analysis, the carbon corresponding to the volatile mat-
ter, and consequently, the carbon coming from char gasification
were calculated. Table 4 shows the fractions from the fuel-reactor
product gas that correspond to both volatile matter and gasification
products. 88.5% of the carbon contained released gases with sand
as bed material came from released volatile matter. But when using
ilmenite, the relevance of volatile matter decreased because more
gases were released as char was being faster gasified. Table 5 shows
the ratio of the carbon containing gases from the volatile matter. For
sand as bed material, 36.7% of the carbon from volatile matter exited
in form of CO, and 10.2% in form of CH4. When using ilmenite, all the
CO, CH4 and Hy measured came from unburnt released volatile mat-
ter, as the tests with coal char showed that the gasification products
were fully oxidized. For the tests with ilmenite, some CO was oxi-
dized and 23.7% of carbon from the volatile matter exited as CO,
the CH4 fraction decreased to 6.3% and the CO, fraction increased
to 70%. From the comparison between both tests, it turned out that
at 915°C the gas conversion of the released volatiles by the reac-
tion with ilmenite was 38.3% for CHy, 35.3% for CO and 79.0% for
H,. The reaction differences between gases are due to the reaction
rates of ilmenite, since it reacts faster with H, and slower CH4 (Abad
etal., 2011). In addition, more oxygen transfer is needed to oxidize

Efficiencies and mean residence times for char and the bed materials: sand and ilmenite. Tests with sand and ilmenite as bed material. Trr =915°C.

Xchar Ncc Ncomb tm,char tm,bed material
Coal +Sand 0.052 0.322 0 6.2 min 9.4 min
Coal +Ilmenite 0.481 0.617 0.810 5.7 min 9min
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CH4. Thus, 63.0% of the oxygen demanded to fully burn the volatile
matter fraction was supplied by ilmenite.

Besides, Table 6 shows all the calculated efficiencies and mean
residence times for char and the bed material. Char conversion
increased from 5.2% to 48.1%. This can be explained through the
inhibition effect that causes the presence of high amounts of H,
and CO in the fuel-reactor, as they do not react with the oxygen-
carrier. Obviously, the combustion efficiency was almost zero, as
sand is no oxygen-carrier.

4.5. Activation of ilmenite in the continuous rig

Solids samples were extracted during the continuous exper-
iments at several operating times. Since the initial material is
calcined ilmenite, an activation process is expected to happen with
the number of the red-ox cycles, as it was previously seen from
batch experiments (Cuadrat et al., submitted for publication-b). A
sample taken from the air-reactor after the experiments was ana-
lyzed by XRD. Fe;TiOs, Fe;03 and TiO; were found to be the major
components. A semi-quantitative analysis done by XRD showed
that the ratio between the weight compositions of the main active
species for the oxygen transfer Fe,TiO5:Fe,03 of milled particles
was 82:18. That is, as for the XRD analysis there were no major
changes in the composition of the particles, compared to the com-
position of the initial material (Adanez et al., 2010). Furthermore,
another sample taken from the fuel-reactor was analyzed by XRD
and it was proven to be mainly composed by a mixture of Fe;TiOs,
Fe,03, Fe30y,, FeTi03 and Ti02.

Reactivity of ilmenite samples taken after 1, 3, 15 and 35h of
operation was determined by TGA at 900°C with 5% H, +40% H,0
mixtures, and afterwards to oxidation conditions in air. Fig. 13
shows the conversion, Xj;;, vs. time curves obtained for the reduc-
tion and oxidation for the different samples. To compare and
observe the activation process undergone by ilmenite (Adanez
et al., 2010), the reduction and oxidation conversions for calcined
and a fully activated ilmenite sample are also represented. The acti-
vation undergone by ilmenite with the number of hours can be
seen. It can be considered that ilmenite is already active after 3 h
for the reduction reaction, although the reactivity increases further
in minor extension after 15 h.

Nevertheless, ilmenite is not completely activated for oxidation
reaction after 35 hours operation yet. As it can be seen in Fig. 12,
the oxidation takes place in two steps and the change to the second

phase occurs at higher conversions for samples taken after more
hours of operation. Abad et al. (2011) concluded that the oxidation
reaction for ilmenite follows a changing grain size model with two
steps, being the first one faster and determined by the chemical
reaction control and the second one is slower and controlled by
the diffusion in the solid product. That is, an increase in the poros-
ity decreases the relative importance of the second step. Calcined
ilmenite had a porosity of 1.2%, after 15 h the porosity increased
to 9.7% and after 35 cycles the measured porosity was 12.3%. The
fully activated ilmenite sample is the same shown by Adanez et al.
(2010) and it was activated after 100 redox cycles in TGA using
H, as reducing agent, which had a porosity of 35%. The activation
process was promoted by high variation of solids conversion in suc-
cessive redox cycles. The average change in ilmenite conversion
in the experiments was low, AXj;, =0.23, and therefore a higher
porosity development and full activation could not happen yet.

Besides, there is one further factor affecting the ilmenite prop-
erties during the redox cycles. In a previous work it was observed
that ilmenite undergoes a migration phenomenon of the iron oxide
present towards the external part of the particle while the core gets
titanium enriched. That segregation leads to a gradual decrease
in the oxygen transport capacity of the oxygen-carrier (Adanez
et al.,, 2010). The oxygen transport capacity of ilmenite for sam-
ples taken at different operation times was determined by TGA and
it was seen that it was maintained roughly constant with the oper-
ation time. A slight decrease from 4.0wt.% for calcined ilmenite to
3.9wt.% for particles used during 35 h in the unit was observed. In
previous work (Cuadrat et al., submitted for publication-b) faster
decrease in the oxygen transport capacity was measured and need
of higher inventories in real CLC continuous systems was foreseen.
After undergoing 100 redox cycles in 56 h with a syngas mixture as
reducing agent, the oxygen transport capacity decreased from 4.0 to
2.1wt.%. The oxygen-carrier was however in those experiments fur-
ther reduced, as Xj,, was about 0.65 (considering Rg jj, =4.0wWt.%).
Thus, a low value of AXj, allows maintaining the initial Rgjjm
roughly constant during long time. In fact, SEM microphotographs
of samples extracted from the CLC reactor do not show iron migra-
tion towards the outer part of the particle.

5. Conclusions

The capability of ilmenite as oxygen-carrier to burn coal as fuel
ina 500 Wy, unit has been analyzed by obtaining the carbon capture
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and combustion efficiencies of the fuel-reactor at a temperature
range and with several particle sizes of coal. A bituminous Colom-
bian coal “El Cerrejéon” was used as fuel. At higher fuel-reactor
temperatures, gasification and combustion reactions are faster and
promoted. Carbon capture and combustion efficiencies grow with
the temperature, with a faster increase above T>910°C. Little CHy
was measured in all experiments and there were no tars in the
fuel-reactor outlet flow. From 870°C the char conversion was 15%
and reached a value of 82% at 950°C. The combustion efficiency
varied from 70% at 870°C to 95% at 950°C. Although the carbon
capture efficiency in this rig is not representative for the CLC tech-
nology, since it does not have a carbon stripper, high carbon capture
efficiencies are expected to be obtained, as well as high combus-
tion efficiency, specially at temperatures higher than 950 °C. Values
for the total oxygen demand from 5% to 15% were found in all the
experimental work, mainly due to unconverted CO and Hj. Thus,
oxygen polishing need was quite low.

The experiments performed with char coal as fuel confirmed
that the gasificationis the limiting step of this process. However, the
outgoing unburnt gases in the fuel-reactor measured when using
coal as fuel, that is, CHy4, CO and H, came from volatile matter that
had not been fully oxidized by ilmenite.

At 915 °Cthe gas conversion of the released volatiles by the reac-
tion with ilmenite was 38.3% for CH4, 35.3% for CO and 79.0% for
H,. The reaction differences between gases were due to the reac-
tion rates of ilmenite, since it reacts faster with H, and slower CHy.
63.0% of the oxygen demanded to fully burn volatile matter is sup-
plied by ilmenite. Besides, char gasification was promoted by the
presence of the oxygen-carrier, as ilmenite reacts with H, and CO,
which are gasification inhibitors.

Minor effect on the char conversion can be expected when the
coal particle size is varied. However, it is presumable that gasi-
fication continues in the fuel-reactor freeboard, this being more
relevant for smaller particles. Thus, it is expected that the oxygen
demand would increase as the coal particle size decreases.

Activation of ilmenite with the operating time in the unit was
observed. For the reduction it can be considered that ilmenite is
already active after 3 h. On the other hand, the oxidation reaction
is not fully activated after 35h operation yet. A decrease on the
oxygen transport capacity of ilmenite was not observed.
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ABSTRACT

Chemical-Looping Combustion, CLC, is one of the most promising processes to capture CO, at low cost.
It is based on transferring the oxygen from air to the fuel by using a solid oxygen-carrier that circulates
between two interconnected fluidized-bed reactors: the fuel- and the air-reactor.

In this work, CLC with coal was investigated in a continuous 500 Wy, rig using ilmenite as oxygen-
carrier and Colombian bituminous coal as fuel. In the fuel-reactor the oxygen-carrier is reduced by the
volatile matter and coal gasification products.

The effect of operating conditions such as the solids circulation rate and oxygen-carrier residence
time, the coal flow feed and the steam flow as gasification agent were investigated on the combustion
efficiency and extent of gasification. The influence of using CO, as gasification agent was assessed by
doing experiments with different CO,-H,0 mixtures.

The results obtained are valid for the scale-up of a CLC process with coal. They indicate that it is
feasible to decrease the gasification agent flow to lower values than the corresponding stoichiometric
for the gasification, and that some of the steam as gasification agent can be replaced by CO, recirculated

from the fuel-reactor outlet. Low circulation rate of solids improved coal conversion.

© 2011 Published by Elsevier Ltd.

1. Introduction

It is generally accepted that a reduction in the greenhouse gases
emissions is necessary as soon as possible to restrain the effects
of climate change. Up to now, the technological options for reduc-
ing net CO, emissions to the atmosphere have been focused on
(IPCC, 2005): (1) reducing energy consumption, by increasing the
efficiency of energy conversion and/or utilization; (2) switching
to less carbon intensive fuels; (3) increasing the use of renewable
energy sources (biofuel, wind power, etc.) or nuclear energy, and
(4) sequestering CO,. Carbon capture and sequestration or storage,
CCS, has attracted interest as a measure for mitigating global cli-
mate change because large amounts of CO, emitted from fossil fuel
use are potentially available to be captured and stored underground
or prevented from reaching the atmosphere. Furthermore, large
industrial sources of CO5, such as electricity-generating plants, are
likely initial candidates for CCS because they are predominantly
stationary, single-point sources.

In this context, Chemical-Looping Combustion (CLC) is one of
the most promising technologies to carry out CO, capture at a low
cost (Eide et al., 2005). CLC is based on the transfer of the oxygen

* Corresponding author. Tel.: +34 976 733 977; fax: +34 976 733 318.
E-mail address: abad@icb.csic.es (A. Abad).

1750-5836/$ - see front matter © 2011 Published by Elsevier Ltd.
doi:10.1016/j.ijggc.2011.10.013

from air to the fuel by means of a solid oxygen-carrier that cir-
culates between two interconnected fluidized beds: the fuel- and
the air-reactor. In the fuel-reactor the oxygen-carrier is reduced
through oxidation of the fuel, thus obtaining a gas stream com-
posed by CO, and H,0. The oxygen-carrier is afterwards directed
to the air-reactor, where it is re-oxidized with air and regenerated
to start anew cycle. The net chemical reaction is the same as at usual
combustion with the same combustion heat released, but with the
advantage of the intrinsic CO, separation in the process without an
additional step.

Using CLC with solid fuels is very interesting, regarding the
intensive use of solid fuels as energy source. One of the options
for CLC with solid fuels is directly to introduce coal in the fuel-
reactor, where it is mixed with the oxygen-carrier and being the

fuel-reactor fluidized by a gasification agent, i.e. H,O or CO;, (Cao Q2

and Pan, 2006). Thereby, the solid fuel gasification takes place as for
reactions (1)-(3), and simultaneously the oxidized oxygen-carrier,
MexOy, reacts with the gaseous products of coal devolatilization
and gasification, with Hy and CO as main components, according
to reaction (4). The reduced oxygen-carrier from the fuel-reactor,
MeyO,_1, is subsequently oxidized with air in the air-reactor fol-
lowing reaction (5):

Coal — volatilematter + char (1)

Char + H,0 — Hy +CO (2)

Please cite this article in press as: Cuadrat, A., et al., Effect of operating conditions in Chemical-Looping Combustion of coal in a 500 W,
unit. Int. ]. Greenhouse Gas Control (2011), doi:10.1016/j.ijggc.2011.10.013
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Nomenclature

Fc charar  carbon flow from the char that goes to the air-
reactor (mol/s)
Fc charelutr  carbon flow from the elutriated char (mol/s)

Fcvol carbon flow coming from the volatile matter fed
(mol/s)

F; flow in the fuel-reactor of the corresponding gas i
(mol/s)

Fiim solids circulation rate (kg/s)

H,0/C steam to fixed carbon ratio (mol H,O/mol C)

Mc carbon atomic mass (kg/mol)

effective carbon in the coal feeding flow rate (kg/s)
mass of char in the fuel-reactor (kg)
fuel-reactor bed mass or solid hold-up in the fuel-
reactor (kg)
Mo, oxygen molecular mass (kg/mol)
05 demand coalerf 0xXygen demand of the effective coal fed

(mol Oy/s)

mC,wal eff
Mchar,FR
Milm,FR

Ocoaleff  flow of oxygen contained in the effective coal intro-
duced (mol O/s)

(—10) rate of oxygen transferred by the oxygen-carrier
(kg O, /s kg OC)

Roilm oxygen transport capacity of ilmenite

TrR temperature in the fuel-reactor (°C)

tmchar ~ Mean residence time of char (s)
Em,ilm mean residence time of ilmenite (s)
Xchar char conversion
Xcharpr  Carbon concentration from char in the fuel-reactor
Tcc carbon capture efficiency
Neomb rr  cOmbustion efficiency of the fuel-reactor
27 oxygen demand
¢ oxygen-carrier to fuel ratio
Char + CO; — 2CO (3)

Hy, CO, volatilematter +nMeyOy — CO; + H;0 +nMeyxO,_4 (4)
MexOy_1 +1/20; — MexOy (5)

Although ideally the CO, capture is inherent to this process, as
the air does not get mixed with the fuel, the CO, capture efficiency
when using solid fuels decreases if non-gasified char particles are
by-passed to the air-reactor. The gasification process has been
identified as the controlling step in this process (Cuadrat et al.,
submitted for publication-a; Dennis and Scott, 2010). Char gasifica-
tion is usually a slow process, and the solids stream exiting from the
fuel-reactor could contain some unconverted char together with
the oxygen-carrier. Therefore, enough high residence time in the
fuel-reactor is needed so that char particles are gasified.

To increase the residence time of char particles in the fuel-
reactor, without excessive increase of the reactor size, an option
is to separate the char exiting the fuel-reactor from the oxygen-
carrier particles and recirculate the char to the fuel-reactor.
Thereby, the amount of carbon transferred from the fuel- to the
air-reactor is reduced. Based on the different fluidizing properties
of remaining char and oxygen-carrier particles, a carbon stripper
has been proposed as a promising equipment to carry out the sep-
aration of char (Cao and Pan, 2006; Morin et al., 2010). The critical
role of the carbon stripper has been pointed out in numerous pre-
vious studies (Stréhle et al., 2010; Kramp et al.,, 2011; Cuadrat
et al., submitted for publication-a, submitted for publication-c). In
previous CLC experiments with solid fuels performed to date, full
oxidation of the outlet fuel-reactor stream could not be achieved
(Berguerand and Lyngfelt, 2008a,b, 2009; Cuadrat et al., in press;

Shen et al., 2009a,b,c). Therefore, in order to oxidize completely
unburnt compounds to CO, and H,O, an “oxygen polishing” step
downstream was proposed, that is, injection of pure oxygen to the
gas flow after the fuel-reactor cyclone (Berguerand and Lyngfelt,
2008a,b), which is usually called oxygen demand.

To use an oxygen-carrier with adequate behavior and proper-
ties is fundamental to reach high performance of the CLC process.
As for this option of CLC with solid fuels, the fuel is physically
mixed with the oxygen-carrier, being predictable a partial loss
of oxygen-carrier particles together with the draining stream of
coal ashes to avoid their accumulation in the system. In this con-
text, the use of low cost materials such as natural minerals or
industrial waste products as oxygen-carriers turns out to be very
interesting. [Imenite is a low cost natural mineral which is promis-
ing for its large scale industrial use as oxygen-carrier with solid
fuels. Performance of ilmenite has been proven to be acceptable
as oxygen-carrier for CLC in recent studies made at different scales
(Adanezetal.,2010; Abad et al.,2011). Comparing the performance
of several natural iron ores and industrial products, Norwegian
ilmenite was ranged among the materials which showed higher
reactivity as for gaseous fuel as for solid fuels (Leion et al., 2009a,b).
Although ilmenite particles have initially a rather low reactivity, it
undergoes an activation process after several redox cycles, being
its reactivity remarkably increased for Hy, CO and CHy4 as reacting
gases (Adanez et al., 2010). The gas conversion showed by activated
ilmenite was even similar to one synthetic Fe,03/MgAl,04 mate-
rial selected from previous works (Leion et al., 2008). Imenite has
high conversion of CO and H, for syngas applications, but moder-
ate conversion of CH4 for the use of natural gas as fuel (Adanez
etal., 2010). On the whole, ilmenite has adequate values of reactiv-
ity and oxygen transport capacity for its use in the CLC technology
with solid fuels, which is confirmed by the results from the contin-
uous CLC experiments done to date. Additionally, ilmenite showed
good mechanical stability and good fluidizing properties (Cuadrat
et al., submitted for publication-b).

The feasibility of the process has been proven during contin-
uous operation in CLC units ranging from 500 Wy, to 10 kWy,. As
mentioned, ilmenite was the most common oxygen-carrier used.
Continuous operation using solid fuels showed that the concentra-
tion of CO and H, in the flue gases due to unconverted gasification
products are in the range 0.7-1.5vol%, corresponding to an oxy-
gen demand in the fuel-reactor of 5-9% (Berguerand et al., 2009).
Besides, unconverted gases from volatiles in the fuel-reactor out-
let were detected when using ilmenite (Cuadrat et al., in press).
The extent of unburt volatiles was the same as if a highly Ni-based
oxygen-carrier was used (Shen et al., 2009a,b, 2010). Indeed, the
unconverted gases from volatiles were higher than those originated
in char gasification. Experiments in a 500 Wy, CLC unit showed
that unburnt tars or hydrocarbons were not present in the fuel-
reactor outlet, except CH4 which was found at low concentration
(Cuadrat et al., in press). Gasification products were near fully con-
verted to CO;, and H, O but unconverted CO and H; proceeding from
coal devolatilization were outgoing from the fuel-reactor. In the
bigger scale and with other type of fuels, ilmenite was also success-
fully tested in a 10 kW, chemical-looping combustor using South
African coal and petroleum coke as solid fuels by Berguerand and
Lyngfelt (2008a,b). They analyzed the combustion process focusing
on char conversion. From results showed in these studies the tem-
perature is the main parameter of influence in the performance
of the system, being higher efficiencies reached at high temper-
atures. Temperatures above 1000°C were tested in some cases
(Berguerand and Lyngfelt, 2009). Combustion efficiencies from 85
to 95% and average carbon capture efficiencies of 80% were obtained
in all the experimental works at high temperatures in CLC with
solids fuels using ilmenite. Likewise, ilmenite as an oxygen-carrier
was investigated by Bidwe et al. (2011) on a 10 kWy, facility using
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batch, semi batch and continuous mode experiments. The rate of Table 1
gasification was seen to approximately double when increasing ~ Froperties of the used pre-treated Colombian coal.
the temperature from 900 to 950 °C. Furthermore, an equalmolar C 65.8% Moisture 2.3%
CO-H, syngas was combusted at 900 °C resulting in a steady-state H 3.3% Volatile matter 33.0%
conversion of circa 90%. Is\l (1).25 ;‘S";d carbon Sg'gz
The combustion efficiency in the fuel-reactor, the efficiency of 0 17:6; ’

char separation in the carbon stripper, and the separation of ashes
from the oxygen-carrier are key factors for the development of this
process. The coal combustion efficiency depends on the char con-
version in the reactor and on the reactivity of the oxygen-carrier
with the volatiles and gasification gases.

Biomass as solid fuel was evaluated by Shen et al. (2009c¢) in a
continuous 10 kW, CLC combustor using an oxygen-carrier pre-
pared from iron oxide and CO, as gasification medium. The CO
concentration of the fuel-reactor flue gas increased with the fuel-
reactor temperature, since biomass gasification with CO, was more
temperature dependent than CO oxidation with iron oxide. Gu et al.
(2011) also proved the feasibility of using CLC for both biomass and
a biomass/coal mixture as solid fuels in a continuous 1 kW, CLC
facility and using an Australian iron ore as oxygen carrier. Since the
CLC process of biomass has potential problems derived from the
existence of alkali metals in biomass ash, they proposed to blend
biomass with coal to reduce the alkali metal content in the fuel thus
decreasing alkalinity, or to add some materials such as SiO, and
kaoline to convert alkali metals to compounds with a high melting
point.

The effect of the gasification agent has been assessed in batch
experiments. Previous research using bituminous Colombian coal
show that the conversion rate of char using CO, as fluidizing
agent is about 5 times lower than using H,O instead (Cuadrat
et al., submitted for publication-a). The CO, concentration in the
fluidizing gas would be limited to 20% in order to maintain a
high gasification rate with that bituminous coal (Cuadrat et al.,
submitted for publication-a). In this case, whereas the steam gasi-
fication proceeds in minutes, the CO, gasification time is of the
order of hours. As for the gasification agent, most studies have used
steam. If CO, was used, the energy required for steam production
is avoided. CO, can be re-circulated from the flue gases. The use
of CO, has been proposed for highly reactive solid fuels, such as
low-rank coals or biomass (Brown et al., 2010). Sub-bituminous
and lignite coal char have shown gasification rates using CO, as
high as for H,O (Johnson, 1981). Dennis et al. (2006) tested the
feasibility of using pure iron oxide and a lignite fuel gasified by
CO, in a batch fluidized-bed reactor. They stated that although the
oxygen-carrier used (pure Fe,03) was not optimized, it was still
able to burn most of the CO produced by the gasification of the
carbon. Using these types of coal could be advantageous because
recirculated CO, could be used as fluidizing agent. Besides, dry
gasification of a lignite (Scott et al., 2006) was found to be as fast
as the steam gasification of bituminous coal (Leion et al., 2009¢)
using Fe-based oxygen-carriers. In continuous testing, Shen et al.
(2009a,c) extracted a small part of the flue gas, which was enriched
in H,O+CO,, and circulated it into its bottom, to use it as the flu-
idization medium and coal gasification agent. On the whole, the
CO, recirculation can be an interesting option when highly reactive
solid fuels, that is, sub-bituminous coal, solid waste or biomass, or
high-sulfur coals are used.

The effect of the solids circulation rate and the resulting mean
residence time of the oxygen-carrier particles has been to date
only tested experimentally for continuous CLC with gaseous fuels
(Adanez et al., 2009; Dueso et al., 2009; Forero et al., 2009).
Markstrom et al. (2010) developed a model for solid fuels that
determined the circulation mass flow, the residence time and
residence-time distribution of particles in the fuel-reactor for a
number of operational cases previously done in a 10 kWy, rig for
solid fuels with different particle circulation. With the model and

Low heating value: 21,899 k] /kg.

experimental results they established a relation between the sys-
tem performance versus residence time using data of batch and
continuous tests feeding pet coke and a South African coal at fuel-
rector temperature of 950°C.

In this work, the CLC technology with a Colombian bituminous
coal was investigated in a continuous 500 Wy, rig using ilmenite
as oxygen-carrier. The aim of this work was to study the conver-
sion of coal in the fuel-reactor under different operating conditions,
which has been not tested to date in a continuous facility. The effect
of operating conditions such as the solids circulation rate, the coal
flow feed and the gasification agent flow were investigated on the
combustion efficiency and the extent of gasification in the fuel-
reactor. The fluidizing gas, which also acts as gasification agent,
was steam. Besides, the influence of using CO, as gasification agent
was assessed by doing experiments with different CO,:H,0 mix-
tures. The results obtained are analyzed and discussed in order to
be useful for the scale-up of a CLC process fuelled with coal.

2. Experimental
2.1. Bed material and fuel

Norwegian ilmenite has been the most used material for
Chemical-Looping coal Combustion. The bed material in this study
was ilmenite with particle size of +150-300 wm. IImenite is a
common mineral found in metamorphic and igneous rocks. The
ilmenite used is a concentrate from a natural ore. It is mainly com-
posed of FeTiO3 (FeO-TiO,) and some free Fe, 03, where iron oxide
is the active phase that behaves as the oxygen-carrier. A semi-
quantitative analysis performed by XRD of an oxidized sample
showed that the used ilmenite was composed by 11.7% Fe,03,53.2%
Fe,TiOs and 29.5% TiO,. More details about the physical properties
of the ilmenite particles used and their behavior can be found else-
where (Adanez et al., 2010; Abad et al., 2011). [Imenite undergoes
an activation process during continuous operation in the plant and
reaches a maximum reactivity, which is studied in previous work
(Abad et al., 2011). The experiments have been carried out with
activated ilmenite, so the reactivity was maximum and constant
and did not affect in the evaluation of other parameters. The poros-
ity of the initial sample was 12.3%. The oxygen transport capacity,
which is the mass fraction of oxygen that can be used in the oxygen
transfer, was measured to be 3.9% for this CLC process with solid
fuels.

The fuel used was a bituminous Colombian coal “El Cerre-
jon”. The coal was subjected to a thermal pre-treatment for
pre-oxidation in order to avoid bed agglomeration problems or
pipes clogging, as El Cerrejon coal had shown high swelling behav-
ior. Hence, coal was placed in trays in layers of about 3 mm height
and exposed to heating at 180°C in air atmosphere for 28 h. Ulti-
mate and proximate analyses of the used pre-treated coal are
shown in Table 1. Three different coal particle sizes were used:
+74-125, +125-200 and +200-300 pm.

2.2. 500 Wy, CLC facility for solid fuels

A schematic view of the plant is shown in Fig. 1. The set-up was
basically composed of two interconnected fluidized-bed reactors
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Fig. 1. Schematic diagram of the coal-fuelled CLC facility.

joined by aloop seal, ariser for solids transport from the air-reactor
to the fuel-reactor, a cyclone and a solids valve to control the flow
rate of solids fed to the fuel-reactor. This design allowed the vari-
ation and control of the solids circulation flow rate between both
reactors.

The fuel-reactor consisted of a bubbling fluidized bed with 5 cm
of inner diameter and 20 cm bed height. The fluidizing gas was H,O
or CO,, which are also gasifying agents. Coal is fed by a screw feeder
at the bottom of the bed above the fuel-reactor distribution plate
in order to maximize the time that the fuel and volatile matter is
in contact with the bed material. The screw feeder has two steps:
the first one with variable speed to control the coal flow rate, and
the second has high rotating velocity to avoid coal pyrolysis inside
the screw. A small N, flow is fed in the beginning of the screw to
avoid possible volatile reverse flow or entrance of steam. In the
fuel-reactor the oxygen-carrier is reduced by the volatile matter
and gasification products of coal. Reduced oxygen-carrier particles
overflowed into the air-reactor through a U-shaped fluidized bed
loop seal with an inner diameter of 50 mm, to avoid gas mixing
between fuel- and air-reactors. The oxidation of the carrier took
place in the air-reactor, consisting of a bubbling fluidized bed with
8 cm of inner diameter and 10cm bed height, and followed by a
riser. Secondary air was introduced at the top of the bubbling bed to
help particle entrainment. N, and unreacted O, left the air-reactor
and went through a high-efficiency cyclone and a filter before the
stack. The oxidized solid particles recovered by the cyclone were
sent to a solids reservoir, which acts as a loop seal, setting the
oxygen-carrier ready to start a new cycle. The regenerated oxygen-
carrier particles returned to the fuel-reactor by gravity from the
solids reservoir through a solids valve which controlled the flow
rates of solids entering the fuel-reactor. A diverting solids valve
located below the cyclone allowed the measurement of the solids
flow rates at any time. The total ilmenite inventory in the system
was 3.5 kg and the solids inventory in the fuel-reactor was 0.8 kg
ilmenite.

Because of its small size, the system is not auto-thermal and
is heated up with various ovens to get independent temperature
control of the air-reactor, fuel-reactor, and fuel-reactor freeboard,
which is kept constant at about 900°C in all the experiments.
During operation, temperatures in the bed and freeboard of the
fuel-reactor, air-reactor bed and riser were monitored as well as

the pressure drops in important locations of the system, such as
the fuel-reactor bed, the air-reactor bed and the loop seal.

CO, COy, Hy, CHy, and O, were continuously analyzed in the exit
streams from the fuel-reactor and from the air-reactor. In some
selected experiments the tar amount present in fuel-reactor prod-
uct gases was determined following the tar protocol. Some samples
of the fuel-reactor outlet stream were taken and analyzed by gas
chromatography in order to measure hydrocarbons.

The gas flows introduced in the air-reactor were 400 Ly/h as
primary air and 2100 Ly/h as secondary air, corresponding to a
total gas velocity in the air-reactor of 0.6 m/s. The loop-seal was
fluidized with 75Ly/h of N, and a flow of 18 Ly/h N5 was intro-
duced in the screw-feeder. The minimum gasification agent flow
fluidizing the fuel-reactor tested was 110 Ly/h and the maximum
was 190 Ly/h. For these flows, the gas velocities at 900°C in the
fuel-reactor were, respectively, 0.07 and 0.12 m/s. The minimum
fluidization velocity for the ilmenite particles used at 900°C was
0.022 m/s. Most experiments were done with steam as fluidization
agent in the fuel-reactor, and H,0-CO, mixtures were also used
as fluidization agents in a series of tests. At least every condition
was maintained stable during 30 min. A total of 30 h of continu-
ous operation feeding fuel and 36 h of continuous fluidization were
made. Table 2 shows the conditions for the series of experiments
carried out. The temperature in the air-reactor was maintained at
around 950 °C and the fuel-reactor temperature was kept at around
890°C for some experiments and about 940°C for other tests. In
the series of experiments A the coal flow rate was varied from 33
to 83 g/h, corresponding to a thermal power variation between 200
and 505 Wy,; in the series of experiments B the solids circulation
flow rate was varied from 1.0 to 11.6 kg/h for 3 different coal parti-
cle sizes; in the series of experiments C the gasification agent flow
was varied from 110 to 190 Ly/h and in the series of experiments D
several H,0:CO, mixtures were used as gasification agent. Tests C
and D were done with low solids circulation rate in order to work
at high fuel-reactor temperatures.

3. Data evaluation
The evaluation of the fuel-reactor performance is carried out

by the analysis of two main parameters: the carbon capture
efficiency and the combustion efficiency. The purpose of the data
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Table 2

Conditions for the series of experiments. (A) Variation of coal flow rate; (B) solids circulation flow rate variation for different coal particle sizes; (C) variation of the gasification

agent flow; (D) variation of the gasification agent type (H,0:CO, mixtures).

Exp. type Coal particle size, m Ter,°C Coal feed, g/h Solids circ. flow rate, kg/h Gasification agent flow, Ly/h H,0, % CO,, %

A 74-125 890 33-83 8.4 190 100 0

B1 74-125 411 1.2-11.6

B2 125-200 890 46.7 1.0-3.6 190 100 0

B3 200-300 385 1.6-11.3

C 125-200 940 161 25 110-190 100 0

D 125-200 935 72 33 190 100-0 0-100

evaluation is to assess the performance of the process in the
different experiments, using the measured values of the gas con-
centrations, temperature and solids circulation rates. The absence
of a carbon stripper facilitates the interpretation of the effect of
these operational conditions on the results obtained, specially the
effect of the mean residence time.

The efficiencies that indicate the performance of the process are
defined as follows. The carbon capture is the physical removal of
carbon dioxide that would otherwise be emitted into the atmo-
sphere. Getting high carbon capture during energy generation is
the motivation of this technology. The carbon capture efficiency,
Ncc, is here defined as the fraction of the carbon introduced that is
converted to gas in the fuel-reactor.

B [Fco, kR + Fco,Fr + Fcny, mrl oy — [Fo, FR i,
[Fco,.rr + Fco,rr + Fcuy, mr + Fco,, ARl oy — [Fco, FR]i,

(6)

Tcc

Fco,, R, Fcny,, R @and Fco pr being the flows in the fuel-reactor of CO,,
CHy4, and CO, respectively. The carbon of the unreacted char flow-
ing towards the air-reactor is the CO, gas flow in the air-reactor,
Fco,,ar- For the experiments using CO; as fluidization agent, the
inlet CO, flow must be subtracted. The carbon captured in the sys-
tem is the carbon contained in the volatiles plus the carbon in the
char that is gasified. Thus, the carbon capture efficiency depends
on the fraction of char that has been gasified. The gas flows of
every component were calculated by multiplying the correspond-
ing gas fraction and the outlet gas flow, i.e. Fgg in the case of the
fuel-reactor, and Fag for the air-reactor. The dry basis product gas
flow, Frg, was calculated by using the N; flow Fy, rr that is intro-
duced in the fuel-reactor coming from the loop seal. Preliminary
results showed that about 65% of the N, introduced to fluidize the
loop seal went to the fuel-reactor and the rest to the air-reactor
(Cuadrat et al., in press). The outlet air-reactor gas flow, Fag, was
calculated though the introduced Ny, Fy, ar, Which is sum of the N
present in the air introduced in the air-reactor and the N, coming
from the loop seal:

FN,.FR
1 — (YcH,,FR + Y0y, FR + YCO,FR + YH,,FR)

Frr = (7)
_ Fy, AR
1 - (¥co,,AR +Y0,,AR)

(8)

Far

To do adeeper study of the system behavior, the gasification and
combustion steps should be assessed. The char conversion, Xy, iS
defined as the fraction of carbon in the effective char fed to the fuel-
reactor which is released to the fuel-reactor outgoing gas stream:

[Fco,.rr + Fco.Fr + Fcry FR — Fc vol lgye — [Feo,. R ],
[Fco,.Fr + Fco,Fr + Fcr,. R + Feo,.AR — Fevollgye — [Fco, . mR]i,

(9)

Xchar =

The gasified char in the fuel-reactor was calculated as differ-
ence of the carbon in gases in the fuel-reactor outgoing flow, and
the carbon flow coming from the volatile matter, F¢ ;. The carbon

content of the volatiles is directly calculated using the ultimate and
proximate analyses of both the coal used and char (Tables 1 and 3).
The carbon in the volatile matter was calculated as the total car-
bon in coal minus the carbon in char. The yield of char in coal was
considered to be the sum of both the ash content and fixed carbon.

The carbon measured in the gases coming from the fuel-reactor
and the air-reactor is less than the carbon present in the introduced
coal, because there is elutriation of char. However, in case of an
industrial plant the possible elutriated char will be collected in a
cyclone and reintroduced in the fuel-reactor. The elutriated char
flow was calculated as the difference between the fed coal carbon
and the measured carbon in the fuel-reactor and air-reactor outlet
gas flows. The effective char was calculated as the fed char that had
not been elutriated from the fuel-reactor.

The combustion efficiency of the fuel-reactor, n¢omp fr, IS @ mea-
sure of gas conversion in the fuel-reactor and represents the extent
of oxidation of volatiles and gasification products by the oxygen-
carrier. It is defined as the fraction of the oxygen demanded by
the volatile matter and gasification products that is supplied by
the oxygen-carrier in the fuel-reactor. It is therefore dependent
on the reaction rate of ilmenite with the gaseous fuels and on the
amount of gases generated in the fuel-reactor from coal. The oxygen
supplied by ilmenite in the fuel-reactor is calculated through the
oxygen containing species in the fuel-reactor product gas. The sum
of volatile matter and gasified char is calculated as the effective coal
introduced minus the char flowing towards the air-reactor, Fco,  ar.
The combustion efficiency was calculated as:

[0.5Fu,0,kr + Fco, kR + 0.5Fco ], — [0.5Fu,0kr + Fco, R 4 0.50c0al eff

02 demand coal,eff — FCOZ.AR

out

NcombFR =

(10)

Ocoaleff is the flow of oxygen contained in the effective coal intro-
duced. The oxygen introduced by the gasification agent, i.e. HO
and/or CO, must be removed in the analysis. O3 demand coal,eff OF the
oxygen demand of the effective coal flow is the oxygen flow needed
to burn the fuel completely and is calculated with the volatile mat-
ter in the coal feeding flow and the effective char flow.

A total oxygen demand for the fuel-reactor gases, §2t, was
defined, as the fraction of oxygen lacking to achieve a complete
combustion of the fuel-reactor product gas in comparison to the
oxygen demand of the coal introduced, Oy gemand coal- This param-
eter is the most adequate to evaluate the performance of the

Table 3
Ultimate analysis of the used pre-treated Colombian char coal.
C 79.8%
H 0.7%
N 1.3%
S 0.6%
(o] 4.0%
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combustion process in this facility, since it is the demand of the
coal actually involved in the conversion process in the fuel-reactor.
o 02 demand gases FR _ 2Fcy,,FR + 0.5Fy, rr + 0.5Fco R

= (11)
02 demand coal 02 demand coal

To evaluate the char conversion in the fuel-reactor, the mean
residence time of char particles was calculated. Considering per-
fect mixing of the solids in the fuel-reactor, the residence time of
ilmenite and char would be the same, but since there is char elutria-
tion, the mean residence time of char, ty, char, should be lower than
the residence time for ilmenite particles. So, the mean residence
time of ilmenite, ty, jjm, is calculated by Eq. (12):

Mijm, FR
Fiim
Mjim rr being the fuel-reactor bed mass or solid hold-up in the fuel-
reactor, and Fyj;, the solids circulation rate. However, the residence
time for char particles was calculated as the mass of char in the
fuel-reactor, My, g, divided by the char flow that exits the fuel-
reactor, sum of the carbon flow from the elutriated char, F¢ char elutrs

and the carbon flow from the char to the air-reactor, Fc char ar-

(12)

[n,ilm =

Mchar, FR
(FCchar,AR + FCcharelutr) -Mc

- (Xchar.lfR/(] - Xchar.[’R)) . milm,FR (13)
(FCchar,AR + FCcharelutr) . MC

tm, char =

XcharFr 1S the carbon concentration from char in the fuel-reactor,
which is calculated considering the carbon flow in the air-reactor
exiting gases. Mc is the atomic mass of carbon.

The oxygen-carrier to fuel ratio, ¢, is a measure of how much
oxygen can be supplied by the circulating oxygen-carrier compared
to the oxygen needed to burn the fuel fed. In stoichiometric con-
ditions the ratio ¢ is equal to one, when the oxygen-carrier is fully
oxidized. It is defined as follows:

Fiim - Ro,iim

¢ = (14)
M02 - 02 demand coal,eff

Ro,iim is the transport capacity of ilmenite and Mo, is the oxygen
molecular mass.

The rate of oxygen transferred by ilmenite, (—rg) is a measure of
how much and how fast oxygen is transferred from ilmenite to the
fueland s calculated as the flow of the generated oxygen containing
species of the fuel-reactor that were generated due to the oxygen
transferred by ilmenite, i.e., the generated CO, CO, and H; O, divided
by the ilmenite hold-up:

([0-5Fu,0,/R + Fco, kR + 0.5Fco k],
—[0.5Fn,0,rR + Fco,,FR +0.50021 efrl;,,) - Mo,
Mjjm

(—r0)= (15)

4. Results and discussion

The influence of varying different operation parameters on the
CLC process with solid fuels was determined. In a previous study it
was determined that the temperature in the fuel-reactor had a great
influence on coal conversion (Cuadrat et al., in press), which agreed
with the results showed by other works (Berguerand and Lyngfelt,
2009; Shen et al., 2010). All continuous experiments of CLC with
solid fuels to date are focused on the influence of the fuel-reactor
temperature as operational variable. In this work, a wide range of
operation conditions was reached, by changing several different
operational variables such as the coal feeding rate, the solids circu-
lation flow rate with different particle sizes of coal, the gasification
agent flow and the composition of the gasification agent, as several
C0O;:H,0 mixtures were introduced to fluidize the fuel-reactor.

25

Concentration FR, dry (%)

|
| CH4 FR
- e B 0.0

60 90 120 150 180 210 240 270 300 330 360 390
time (min)

0

0 30

Fig.2. Gasdistributions in fuel-reactor (FR) (dry basis concentrations, N, to balance)
and CO; concentration in the air-reactor for rising coal feeding rate. The dotted lines
indicate increase in the fuel feed flow. Coal feed flows tested: (1) 33 g/h, (2) 45 g/h,
(3)62g/h, and (4) 83 g/h. Trr =890 °C. Solids circulation flow = 4.8 kg/h. Coal particle
size +74-125 pm.

As representative of the gas distributions obtained in this study,
the evolution with time of the gas concentrations from the fuel-
reactor and the CO, concentration in the air-reactor as result of
ungasified char escaping to that reactor is shown in Fig. 2 for the
experiments with increasing coal feeding rate, that is, the series of
experiments A. Four coal feed flows were tested and the dotted lines
indicate the moments where the coal feeding was raised. The initial
period before introducing coal and the transitory period until the
stationary state was reached are also represented. Concentrations
in fuel-reactor are in dry basis. Steady state after any parameter
change was fast reached and all the points were therefore evalu-
ated at stable conditions. The CLC prototype was easy to operate
and control, and the steady state for each operating condition was
maintained for at least 60 min.

The outlet of the fuel-reactor was mainly composed of oxidized
CO,, and H, and CO and some CHy4 as not fully oxidized products
of char gasification and volatile matter. The gas chromatography
analyses of the samples taken and the tars measurements revealed
there were neither hydrocarbons heavier than CH4 nor tars in the
fuel-reactor outlet flow.

4.1. Effect of the coal feeding rate

The effect of the coal feeding rate on the process performance
was studied. Coal feeding flow rate was changed from 33 to 83 g/h,
corresponding to a thermal power of 200 Wy, to 505 Wy,. In these
experiments the fuel-reactor temperature was maintained con-
stant at about 890 °C and the solids circulation rate at 8.4 kg/h. This
study was carried out using coal with particle size +74-125 pLm.

Fig. 2 gives a first idea of how the system behaves when more
coal was introduced. All concentrations increased, that is, more
gases were being released. Since the residence time of ilmenite was
approximately kept constant and higher amount of coal was being
introduced, higher flow of char escaped to the air-reactor, where
higher quantity of CO, was generated. Besides, the yield to CO, in
the fuel-reactor increased. The corresponding flows from all prod-
ucts increased with the coal feeding flow because there was more
fuel to devolatilize, gasify and burn. Fig. 3 shows the CO,, CO and
H, average concentrations from the fuel-reactor at each resulting
effective carbon flow. They are represented H,0 and N, free to see
better the yield of each released specie and the real trend. The CO,
fraction in the air-reactor outlet is also represented. The ratio of
oxygen-carrier to fuel decreased from 7 to 2.3 and in all cases the
ratio steam to fixed carbon was over 2.9. At these conditions, there
is oxygen as well as steam excess and the reactions are not limited
by those reactants.
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Fig. 3. CO, CO and H, concentrations from the fuel-reactor, FR, in dry basis and N,
free, and CO, resulting concentration from the air-reactor for increasing effective
carbon in the coal feeding flow rate, riic coalefr. Trr = 890 °C. Average solids circulation
rate = 8.4 kg/h. Particle size +74-125 pm.

Fig. 4 shows the gasification and combustion efficiencies as a
function of the effective carbon in the coal feeding flow. The result-
ing combustion efficiency for increasing coal feeding rate increased
slightly. This fact was because it turned out that there was lower
char elutriation when higher coal flows were fed. If lower char is
elutriated, the fraction of carbon in the fuel-reactor that comes
from char increases. Since char gasification products are better
burnt than the released volatile matter (Cuadrat et al., in press), the
resulting combustion efficiency slightly increases. The circulation
rate and the temperature were kept constant and there was oxygen
and steam excess in all cases. Char residence time was calculated to
be within the range 2.7-6 min. The char conversion was not really
influenced by an increase in the coal feed. As there was no major
increase in the residence time, but higher amount of char was being
introduced, the resulting percentage of gasified char had a minor
drop. Nevertheless and obviously, the char mass concentration in
the fuel-reactor bed was calculated to increase from 0.16% with the
coal feeding flow of 33 g/h up to 0.38% when feeding 83 g/h of coal.

Fig. 5 shows the rate of oxygen transferred by ilmenite for the
tests preformed. When more coal was introduced in the system, the
variation of ilmenite conversion and therefore the oxygen trans-
ferred increased proportionally to the coal feeding rate increase.
This confirms the statement made that in this system the combus-
tion efficiency is not limited by the reaction rate of ilmenite, but for
the gasification step.
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Fig. 4. Char conversion and combustion efficiency variation as a function of the

effective carbon in the coal feeding flow rate, riic coatefr- Trr = 890 °C. Average solids
circulation rate = 8.4 kg/h. Particle size +74-125 pm.
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Fig. 5. Rate of oxygen transferred by ilmenite for rising effective carbon in the coal
feeding flow rate, mic coarefr- Trr =890 °C. Average solids circulation rate = 8.4 kg/h.
Particle size +74-125 pm.

4.2. Effect of the solids circulation rate

The effect of the solids circulation rate on the process perfor-
mance was studied. For a CLC system based on two interconnected
fluidized beds the circulation rate between them must be high
enough to transfer the oxygen necessary for the fuel combustion
and the heat necessary to maintain the heat balance in the system,
if necessary.

Solids circulation flow rates from 1.0 to 11.6kg/h for three
ranges of coal particle sizes at an average fuel-reactor tempera-
ture of 890°C were used. This range corresponded to an ilmenite
residence time range of 4.2-48 min, considering the fuel-reactor
inventory. The oxygen-carrier to fuel ratio ¢ was varied from 0.5
to 8.4. Thus, there were cases where the solids recirculation rate
was lowered so much that ¢ reached values under the unity, which
meant that there was not enough oxygen-carrier available to fully
oxidize the fuel.

Fig. 6 shows the carbon capture efficiency, obtained as a function
of the oxygen to fuel ratio for the different coal particle sizes tested.
The carbon capture efficiency decreases for increasing oxygen-
carrier to fuel ratio, that is, when the recirculation rate increases.
This trend is clear for ¢ closer to the unity, and when ¢ has higher
values the influence is much smaller. This follows the tendency
of the solids residence time, that is, the decrease in ncc can be
explained because coal gasification extent was lower, due to alower
residence time of the solids. Fig. 7 shows the calculated ilmenite
residence times for ¢ values resulting from the solids circulation

1.0

[
| — [~ 74-125um
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/ —O— 200-300 um
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Fig. 6. Carbon capture efficiencies with different oxygen-carrier to fuel ratio, ¢, and
for different coal particle sizes. Trr =890 °C. Average coal mass flow =42 g/h.
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Fig. 7. Calculated ilmenite residence times for the oxygen-carrier to fuel ratio, ¢,
resulting from the solids circulation rates tested for different coal particle sizes.
Ter =890 °C. Average coal mass flow=42 g/h.

rates set. The oxygen to fuel ratio increases when increasing the cir-
culation rate for a constant fuel flow. Thus, the resulting ilmenite
residence time increased when ¢ decreased, as t;j, is inversely
proportional to the circulation rate. Berguerand and Lyngfelt (2010)
obtained the same trend of CO, capture decrease for increasing cir-
culation rate, but with batch feeding of coal to the CLC reactor. The
model developed by Markstréom et al. (2010) that predicted the car-
bon capture efficiency versus residence time presented the same
trend of increasing ncc when the residence time was higher.

Fig. 8 shows the char conversions for increasing ilmenite resi-
dence times. One of the main parameters that determine the char
conversion is the char residence time - as it was seen for the carbon
capture efficiency - which depends on the solids recirculation rate
set. For decreasing oxygen to fuel ratio, the solids residence time
increased and the char from the fuel had more time to be gasi-
fied and the char conversion increased from about 27% with ¢=8
and an ilmenite residence time ty, jj,, 0of 4.2 min to 63% with ¢ =1.1
and tp, jjm =30 min. For the range of coal particle size used in these
experiments, i.e. 74-300 wm, the char conversion is independent
of the coal size used.

Fig. 9 shows that the combustion efficiency had some increase
for lower ¢ and resulting higher residence times: from 75% with
¢ =8 to 86% with ¢=1.1. The explanation of this slight benefit was
related to the enhanced gasification due to having a higher resi-
dence time (see Fig. 8). In previous work in this facility (Cuadrat
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Fig.8. Char conversions for increasing ilmenite residence times for different particle
sizes. Trr =890 °C. Average coal mass flow =42 g/h.
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Fig. 9. Combustion efficiencies and total oxygen demands with different oxygen-
carrier to fuel ratio, ¢, and for different coal particle sizes. Tgr = 890 °C. Average coal
mass flow =42 g/h.

et al.,, in press) it was seen that the combustion of the gasification
products has very high efficiencies. Full combustion of gasification
products can be reached at high temperatures, whereas the unburnt
compounds come uniquely from volatiles. Thus, with lower ¢ more
gasification products were generated and the percentage of uncon-
verted gases — mainly coming from volatiles — decreased, as the
relative importance of the gasification products in the reacting
gases increased. Therefore, higher char conversions will lead to
enhanced combustion efficiencies.

In other studies, continuous experiments of CLC with solid fuels
(Berguerand and Lyngfelt, 2008a,b, 2009) were done at higher
oxygen-carrier to fuel ratios, so the effect of ¢ getting closer to
the unity and even under 1, could not be therefore assessed. On the
contrary, in this work a wider range of ¢ was obtained.

This conclusion for CLC with solid fuels is opposite to the results
and trends found for CLC with gaseous fuels, for which it was found
that higher ¢ leads to better performance of the system, for Ni-
based oxygen-carriers (Adanez et al., 2009; Dueso et al., 2009)
as well as for Cu-based oxygen carriers (Forero et al., 2009). For
gaseous fuels the determining factor is to have oxygen available
to fully oxidize the fuel and as the circulation rate increases, i.e.
¢ increases, the average reactivity of the oxygen-carrier increases
(Abad et al., 2007; Garcia-Labiano et al., 2004). However, for solid
fuels more factors come into consideration. The fact that there
must be enough residence time for gasification and that gasification
products are better burnt than the volatile matter determine this
resulting trend for solid fuels in this facility. However, if the system
had a carbon stripper with 100% separation efficiency, the trend
followed regarding the oxygen to fuel ratio would be the same as
for gaseous fuels and the combustion efficiency would increase for
higher ¢.

Nevertheless, the oxygen demand, §21, was not greatly influ-
enced by the solids circulation rate, as it is shown in Fig. 9. The
oxygen demand of gases from the fuel-reactor remains roughly
constant with the solids circulation rate because the amount of
volatiles evolved in the fuel-reactor was the same in all cases. This
indicates that the combustion performance of the fuel-reactor is
actually controlled by the extension of char gasification, although
the amount or reactivity of the oxygen-carrier has also some influ-
ence in the system.

In Fig. 9 it can be seen that lower combustion efficiencies were
obtained for the +74-125 wm particles, which were also seen and
evaluated in previous tests (Cuadrat et al., 2001b). It is because for
the smaller particles there was higher elutriation and there was
some gasification happening in the reactor freeboard where the
gasification products did not get in contact with the oxygen-carrier

Please cite this article in press as: Cuadrat, A., et al., Effect of operating conditions in Chemical-Looping Combustion of coal in a 500 W,
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Fig. 10. Difference in the residence time of char and ilmenite in the fuel-reactor for
different coal particle sizes. Trr = 890 °C. Average coal mass flow =42 g/h.

and could not be therefore oxidized. Besides, due to the higher elu-
triation, the resulting char residence times were lower for the tests
with smaller coal particles, see Fig. 10. In previous work it was found
that in this facility about 35% of the introduced char was elutriated
for particle sizes of +74-125 pwm and about 5% for the bigger par-
ticles (+200-300 wm) (Cuadrat et al., in press). So, char residence
time was closer to the ilmenite residence time for higher particle
sizes.

When oxygen-carrier to fuel ratios lower than 1 were obtained,
the performance of the system dropped substantially although the
residence time was very high. Both gasification and combustion
efficiencies decreased when ¢ decreased to 0.5 as can be seen in
Figs. 8 and 9. The combustion efficiency decreased because there
was not enough oxygen available to burn the fuel fed and as a con-
sequence the char conversion also dropped because the reactor got
enriched in the generated H, and CO, which are inhibitors for the
gasification.

4.3. Effect of the gasification agent flow

The flow of steam feed was varied from 110 to 190 Ly/h, corre-
sponding to a gas velocity variation in the fuel-reactor from 0.07
to 0.12 m/s at 900 °C. Steam acts as both fluidization and gasifica-
tion agent. These experiments were done with a feeding of 161 g/h,
equivalent to a thermal power of 980 Wy;,. The steam to fixed car-
bon ratio was varied from 0.72 to 1.09. The coal used in these tests
was +125-200 pm and the average fuel-reactor temperature was
940 °C. The circulation rate was around 2.5 kg/h.

In all cases the oxygen-carrier to fuel ratio ¢ was under the unity
and around 0.5, which indicated that these tests were under sto-
ichiometric conditions. The reason of working in these conditions
was that the scope of these experiments was to have low values of
H,0/C. To achieve that, the coal feed flow was raised, which caused
adecrease in ¢. Furthermore, in order to maintain high fuel-reactor
temperatures, the solids circulation rate was kept at lower values,
which led to work under stoichiometric conditions. However, the
results are considered valid to assess the effect of the gasification
agent flow, but they are not representative of desirable operation
conditions.

In Fig. 11 it can be seen that for the lower steam flows tested,
increasing H, O flow corresponding to a steam to fixed carbon ratio,
from 0.72 to 1.09, the increase in the fed steam flow had some ben-
eficial effect on the char conversion. However, for conditions of
steam excess, there was no major effect on the char conversion.
When the gasification products are burnt by ilmenite, H, 0 and CO,

0.7 0.8 0.9 1.0 11
H20O/C (mol/mol)

Fig. 11. Char conversion and combustion efficiency variation as a function of the
H,0O/Cratio. Tgr = 940 °C. Average solids circulation rate = 2.5 kg/h. Average coal mass
flow =161 g/h. Coal particle size +125-200 p.m.

are formed that can further gasify the fuel, so it would not be nec-
essary to have H,O/C over the unity. The change in the gasification
agent flow did not influence the combustion efficiency.

Note that since the value of ¢ is calculated with all the coal fed to
the system, with a ¢ of 0.5 combustion efficiencies as high as 0.77
could be obtained. This was because the gasification efficiencies
were about 0.6 and the coal in the fuel-reactor that could be burnt
in the fuel-reactor was only part of the total fuel fed.

4.4, Effect of the gasification agent: H,O-CO5, mixtures

Here, the effect of using a gas mixture of CO, and H,0 on the
gasification step and the whole performance of the process with “El
Cerrejon” coal was evaluated. The motivation of using H,0-CO,
mixtures is that CO, can be fed by recirculating a fraction of the
product gas stream. Thus, the steam requirements for the gasifi-
cation would be decreased in some extension, or even avoided if
a pure stream of CO, was used as fluidizing gas. The coal feed-
ing flow was 72 g/h with a coal particle size of +125-200 wm. The
average fuel-reactor temperature was 935°C. The total gasifica-
tion agent flow was 190 Ly/h. The circulation rate was 3.3 kg/h. The
tested H,0:CO, mixtures tested were 100:0, 90:10, 71:29, 51:49
and 0:100.
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0.0 0.2 0.4 0.6 0.8 1.0

H20:CO9

Fig. 12. Char conversion and combustion efficiency variation for different H,0:CO,
mixtures as gasification agent. Tgg = 935 °C. Average solids circulation rate = 3.3 kg/h.
Average coal mass flow =72 g/h. Coal particle size +125-200 pm.
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0.020 efficiency for increasing coal feeding rate did not change sub-

S stantially. However, the conversion of ilmenite and therefore the
= oxygen transferred were higher and increased proportionally to the
G 00506— o o o coal feeding rate increase. Thus, the coal conversion is not limited
% by the reaction rate of ilmenite, but by the char gasification process.
x The increase in the recirculation rate and thereby a consequent
%\1 0.010 1 increase in the oxygen-carrier to fuel ratio and decrease in the mean
o residence time of solids in the fuel-reactor was assessed. Lower
g 0.005 1 oxygen-carrier to fuel ratios led to enhanced CO, capture efficien-
o ' cies. That was because the increase in char residence time led to
N an increase in the char conversion. Gasification products are more
0.000 i i reactive with ilmenite and have better contact with the oxygen-

0.0 0.2 0i4 0j6 0.8 1.0
H>0:COy

Fig. 13. Rate of oxygen transferred by ilmenite for different H,0:CO, mixtures as
gasification agent. Ter =935 °C. Average solids circulation rate=3.3 kg/h. Average
coal mass flow =72 g/h. Coal particle size +125-200 pm.

Fig. 12 shows that the char conversion increased for higher
fraction of steam in the gasification agent. With this type of fuel,
gasification with steam is faster than with CO, (Cuadrat et al., in
press). However, the combustion efficiency was not really influ-
enced by the gasification agent used and the changes seen in
Neomb FrR cOUld be explained by the slight differences in the oxygen-
carrier to fuel ratios and average ilmenite residence times, being
higher combustion efficiencies reached for higher ilmenite resi-
dence times, which is in concordance with the results showed in
Section 4.2. When gasifying with CO,, more CO is generated as
when gasifying with steam, where H; is also generated. Although
ilmenite is more reactive with H, than with CO, the conclusion
is that it has enough reactivity to oxidize CO and H; fast enough,
compared to the velocities at which they are generated.

The rates of oxygen transferred by ilmenite for the different
H,0:C0O, mixtures tested were calculated (see Fig. 13). The oxygen
transferred by ilmenite is fast enough to oxidize the gasification
products and the oxygen transferred is slightly higher when more
gasification products are generated, that is for higher H,0:CO,
ratios. However it is mainly influenced by the combustion effi-
ciency and it was therefore very similar in all cases for all mixtures
tested, as the resulting combustion efficiencies were very similar
and independent of the H,0:CO, ratio used for the gasification
agent. Limited use of CO, in the fluidizing gas would be desirable to
maintain high gasification rates for this fuel. This limitation derived
from the use of CO, and the lower gasification rate with this gasi-
fication agent than the rate with steam was seen by Cuadrat et al.
with a South African coal (Cuadrat et al., submitted for publication-
a). However, other types of fuels have higher gasification rates with
CO, (Dennis et al., 2006). On the other hand, the implementation of
a carbon stripper that increased the char residence time would off-
set any possible poorer system performance caused by the slower
gasification rate.

5. Conclusions

The effect on the fuel-reactor performance of the temperature,
the solids circulation rate, the coal feeding rate and the coal particle
size were studied in a 500 Wy, rig based on the CLC technology.
[Imenite was used as oxygen-carrier and the bituminous Colombian
coal “El Cerrejon” as fuel. The study in this rig is based on the fuel-
reactor performance and the results related to its operation were
obtained.

When more coal was introduced in the system, since the
circulation rate and the temperature were kept constant and there
was oxygen and steam excess in all cases, the resulting combustion

carrier particles than the released volatile matter. Thus, regarding
the combustion step, with higher oxygen-carrier to fuel ratio the
combustion efficiency increases, as the relative importance of the
gasification products in the reacting gases increased.

However, the combustion efficiency decreased if there was not
enough oxygen available to burn the fuel fed. Consequently, the
char conversion also dropped because the reactor got enriched in
H, and CO, which are gasification inhibitors.

Adecrease in the gasification agent to fixed carbon ratio down to
0.7 did not influence the combustion efficiency, although the gasi-
fication efficiencies slightly increased for higher gasification agent
flows closer to the stoichiometric value for gasification. From the
experiments done with steam to fixed carbon ratio over 1 no sub-
stantial change in the performance of the process is expected when
varying the H,O/C ratio.

The char conversion increased for higher fraction of steam in the
gasification agent, although the char conversion with CO, could be
enough high in a CLC system for solid fuels where a carbon stripper
isimplemented. The combustion efficiency did not seem to be influ-
enced by the gasification agent used. These results indicate that it is
feasible to decrease the gasification agent flow lower than the cor-
responding gasification agent to fixed carbon ratio lower than 1,
and that some of the steam as gasification agent can be replaced by
CO, recirculated from the outlet fuel-reactor flow, getting the same
system performance. This would lead to energy saving derived from
the extra need of evaporating steam, and thereby to enhanced total
system efficiency.
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ABSTRACT: Ilmenite, a natural mineral composed of FeTiO3, is alow-cost material suitable as an oxygen carrier for chemical-
looping combustion (CLC) with solid fuels. One option when using the CLC technology with solid fuels is to introduce the
fuel directly into the fuel reactor. Once in there, the fuel is gasified and volatiles and gasification products react with the oxygen
carrier. In this study, the influence of limestone addition to ilmenite as an oxygen carrier was tested in a continuous 10 kWy,
CLC pilot for solid fuels. The fuel fed was a petcoke, and the gasifying agent was steam. Tests with an ilmenite—limestone
mixture as the bed material were performed, and also tests using only ilmenite as the bed material were carried out for
comparison. Global solid circulation was varied because it is an important operational parameter, which determines the solid
fuel residence time. The experiments were made at two fuel-reactor temperatures: 950 and 1000 °C. Generally, a higher
residence time of the fuel and a higher temperature increased both gasification and combustion efficiencies. This was seen for
both with and without limestone addition. The addition of limestone gave a significant improvement of gas conversion at
950 °C, which could be explained by lime catalyzing the water—gas shift reaction. Moreover, the presence of limestone

significantly increased the char conversion at both 950 and 1000 °C.

B INTRODUCTION

It is widely accepted today that carbon dioxide coming
from fossil fuel combustion is the most important greenhouse
gas contributing to global warming. One of the options to
mitigate the anthropogenic greenhouse effect is the develop-
ment of capture and storage of CO, emitted from large point
sources, such as power plants. Chemical-looping combustion
(CLC) is nowadays an attractive option, because it is a
combustion process with inherent separation of CO, that
carries out the CO, capture at a low cost"? without energy
losses.

CLC involves the use of an oxygen carrier, which transfers
oxygen from air to the fuel, avoiding the direct contact bet-
ween them. The most typical CLC system consists of two
interconnected fluidized-bed reactors, designated as air and
fuel reactors. In the fuel reactor, the fuel is oxidized by a metal
oxide in its oxidized form (Me,O,) that is reduced to its
reduced form (Me,O,_;). The exit gas from the fuel reactor
contains, ideally, only CO, and H,O. After water condensa-
tion, almost pure CO, can be obtained with little energy lost
for component separation. The net chemical reaction is the
same as in usual combustion with the same combustion heat
released.

One option for the use of CLC with coal as fuel is the direct
combustion, where coal is physically mixed with the oxygen
carrier in the fuel reactor and the carrier reacts with the gas
product of the pyrolysis and gasification of coal. Equations 1—35
express generally the reactions in the fuel reactor. Equations 3—35
are the oxygen-carrier reduction reactions with the main pro-
ducts of coal devolatilization and gasification. The reduced oxide
is further transferred into the air reactor, where it is reoxidized

v ACS Publications ©2011 American chemical Society

with air, following reaction 6.

coal — volatiles + char (1)
char + H,O — CO + H, (2)

CH,; + 4Me,O, — CO, + 2H,O + 4Me, O, (3)

H, + MexOy - Hzo + MexOy,l (4)

CO + Me,O, — CO, + Me,O,, (5)
1

MexOy,l + E 02 - MexOy (6)

For the good performance of this process and to achieve high
combustion efficiencies, it is essential to obtain intimate contact
between the oxygen-carrier particles and the volatile matter and
gasification products. Because part of the carrier will be removed
together with the removal of solid fuel ashes, optimization of the
system must be performed to maximize ash separation and minimize
the amount of carrier that will be extracted together with the ash
removal. Furthermore, because the gasification process is the limiting
step in the fuel reactor,* the stream of solids going from the fuel
reactor to the air reactor could contain some unconverted char
together with the oxygen carrier, which would lower the carbon
capture. This could be avoided by a carbon stripper that separates char
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particles, so that they are reintroduced to the fuel reactor, thereby
increasing the fuel residence time in the fuel reactor.

Suitable oxygen carriers for a CLC process must have high
selectivity toward CO, and H,O, enough oxygen transport
capacity, high reactivity during many reduction and oxidation
cycles, high mechanical strength, attrition resistance, and no
agglomeration tendency.” Besides, an environmentally friendly
and low-cost oxygen carrier is preferable for use with solid fuels,
because some oxygen carrier will be lost together with coal ash,
which has to be removed from the reactor to avoid accumulation
of ash in the system. Natural minerals, such as ilmenite, are
therefore very interesting. Natural ilmenite is mainly composed
of FeTiO;, which corresponds to the most reduced state, when
used as an oxygen carrier. As for the reactivity of ilmenite with H,,
CO, and CH,, i.e,, the main devolatilization and gasification products,
ilmenite gave high conversion of CO and H, but moderate conver-
sion of CH,, similar to synthetic-based oxygen carriers® and among
the best ores or industrial residues tested.”* In addition, there is a gain
in reactivity in reduction as well as in oxidation with the number of
cycles, and on the whole, ilmenite has shown to have a good reaction
rate and properties.”'® Batch testing of ilmenite with coal and coal
char showed that the oxygen-carrier presence increases the char
gasification rate™! and that the gasification rate, i.e., the char reactivity,
is highly dependent upon the parent fuel." It is also possible to carry
out this technology with CO, as well as steam as fluidizing and
gasification agents, 3 although CO, gasification is much slower. In
batch testing, as well as in continuous testing, the gasification as well as
combustion efficiencies were shown to be very dependent upon the
tempera‘cure.14 To date, continuous testing with ilmenite as an oxygen
carrier has been performed with a Mexican 1petcoke,ls’16 South
African coal,'” and Colombian bituminous coal.”®

Some catalytic effect seems to occur, as shown in batch reactor
tests performed with ilmenite as an oxygen carrier and the
addition of calcined and sulfated limestone.'® In these experi-
ments, it was clear that calcined limestone addition had some
beneficial effect on the char conversion rate. More importantly,
the conversion of the gas was greatly enhanced, with unconverted
CO + CH, being almost halved. Sulfated limestone particles
showed a greater improvement on the char conversion rate
during the first cycles, but after a dozen cycles, the benefits
disappeared and seemed to stabilize at a level corresponding to
ilmenite only. However, the gas conversion when adding sulfated
lime was similar to the gas conversion obtained when adding
unsulfated limestone, and it was independent of the cycle. Also, it
was observed that the beneficial effect on gas conversion was seen
already in the very first cycle with unsulfated lime, i.e., before any
sulfate could have formed. Thus, it seems that the beneficial effect
on gas conversion is largely independent of the degree of
sulfation of the lime. Tests with H,, CO, and syngas clearly
indicated that the positive effect of lime could be attributed to the
water—gas shift (WGS) reaction, which lowers CO and raises H,
concentrations. This improves the gas conversion because H, is
much more reactive than CO.

At high temperatures, limestone (CaCO3) can react with released
SO, and/or H,S, and thereby, CaSO, and/or CaS are formed >**!
Also, calcined lime (CaO) can be the reacting compound depending
upon the operating conditions.” At reducing conditions, Ca$ is
stable, whereas CaSO, is stable at oxidizing conditions. CaO is stable
in between these regions, and therefore, SO, may be released during
shifts between oxidizing and reducing conditions.”® At the tempera-
tures of interest for the CLC process, the sulfidation has shown to be
relatively fast for both CaO and CaCO,.>"**** The reactions are

Figure 1. SEM images of the general overview of a particle and detail of
the cross-section inside the particles for (a) limestone particle and (b)
ilmenite.

likely affected by the sorbent characteristics.> Furthermore, Ca$S
formed can be expected to be oxidized to CaSOy, in the air reactor.
Another interesting factor is that CaSO, formation could lead to
enhanced oxygen transport, because it can act as an oxygen carrier in
its reduction to CaS with much higher oxygen-transfer capacity, as
compared to other proposed materials.***’

The aim of this work is to investigate the effect of using
limestone particles as an additive to ilmenite as an oxygen carrier in
solid fuel CLC based on the positive effect of limestone addition
seen in batch experiments on the CLC performance. Both the
catalytic effect and possible oxygen transport capacity of CaSO,
formed from limestone were analyzed in a 10 kWy, CLC pilot plant.

B EXPERIMENTAL SECTION

Bed Material. A mixture of limestone—ilmenite was used as the bed
material, but first, experiments were performed with 100% ilmenite as an
oxygen carrier to have a base case for comparison. In this base case, the
total inventory in the system was 15 kg of ilmenite and the fuel-reactor
inventory was about 6 kg. A total of 4 kg of limestone was later added to
the CLC system.

Ilmenite is a common mineral found in metamorphic and igneous
rocks. It is a cheap material, which is an advantage for its use in CLC with
solid fuels, because fuel ash may significantly reduce the lifetime of the
oxygen carrier. lmenite used in this work is a concentrate from a natural
ore from Norway with a purity of 94.3%. In the fully oxidized ilmenite,
iron is in the form of Fe®*, as either pseudo-brookite (Fe,TiOs) or free
hematite (Fe,O3). In the CLC process, Fe,TiOs and Fe,O5 are reduced
to ilmenite (FeTiO3) and magnetite (Fe;0,), respectively. Thus, the
oxygen transport capacity of ilmenite, Ro i, defined as the oxygen
transport capacity useful for CLC, is calculated as

Moy — My

Rojim = ——— 7)

my

where m, is the mass of the most oxidized form of the oxygen carrier and
m, is the mass in the reduced form. For this CLC process with solid fuels,
the oxygen transport capacity of ilmenite was measured to be 3.9% by
thermogravimetric analysis (TGA), with FeTiO; and Fe;O, being the
reduced species. The theoretical maximum if all Fe>* was reduced to Fe**
is 5%. The porosity was measured to be 13.5% through Hg intrusion with
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Table 1. Composition of the Mexican Petcoke Used

C (%) 81.3 moisture (%) 8.0
H (%) 2.9 volatile matter (%) 9.9
N (%) 0.9 fixed carbon (%) 81.6
S (%) 6.0 ash (%) 0.5
0 (%) 0.4 lower heating value (kJ/kg) 31750

a Quantachrome PoreMaster 33 porosimeter. The bulk density was
about 2100 kg/m3. The particle size for ilmenite was 90—250 um.

After several redox cycles, ilmenite undergoes an activation process.”
Ilmenite in this study had previously been investigated in continuous
operation and batch testing with solid fuels.''* '%*%%* TGA of a
sample after the tests of this study was performed to check the reactivity,
and ilmenite was shown to have the same reaction rate as a fully activated
ilmenite sample.'

To 15 kg of ilmenite, 4 kg of a Mexican limestone, which is used in the
Tamuin Power Plant, was added. The density was about 1900 kg/ 'm°,and the
particle size was 90—200 um. Figure 1 shows scanning electron microscopy
(SEM) images of the general overview of a particle and detail of the cross-
section inside the particles for the used limestone and ilmenite particles.

Solid Fuel. The fuel used in these experiments was Mexican petcoke.
The proximate and ultimate analyses are given in Table 1.

This fuel has previously been tested in this plant. Prior experience
from continuous and batch tests has shown that a drawback of this plant
is that the fuel feed is performed by means of a fuel chute that introduces
the fuel above the bed and a rather high fraction of the reducing gases
escapes the fuel reactor unconverted because they do not come in
contact with the oxygen carrier. These gases are mainly volatiles but can
also be syngas, i.e., products from the char gasification. Because volatile
content of petcoke is small, this problem is reduced. Moreover, the sulfur
fraction in petcoke is quite high compared to normal coals. This low-
volatile and high-sulfur fuel was chosen to be able to better see the fate of
sulfur and any possible interaction with limestone. This fuel is not so
reactive,'" with a low char gasification rate.'?

Experimental Setup. The 10 kWy, unit used is designed for CLC
with solid fuels and located at Chalmers University of Technology.
Figure 2 shows a scheme of the whole pilot plant. The reactor system
consists of two interconnected fluidized beds: (a) the fuel reactor (FR),
where the fuel is gasified with steam and volatile matter and gasification
products are oxidized by the oxygen carrier, and (b) the air reactor (AR),
where the oxygen-carrier particles are oxidized. The regenerated oxidized
particles are led through (c) a riser above the air reactor, which ends up in (d)
a cyclone that brings the solid flow back to the fuel reactor. The gas velocity in
the air reactor and riser provides the driving force for particle circulation.
There are also two loop seals fluidized by nitrogen placed after (d) the
cyclone and in the connection leading from the fuel to air reactor. The task of
these upper and lower loop seals is to eliminate gas leakages between the
reactors. Represented in Figure 2 is also the particle filters, as well as the fuel
feeding, steam production unit and a water seal used to collect condensate and
balance the pressure in the fuel reactor. Because of its small size, the system is
not self-supporting in energy and is therefore enclosed in an oven that keeps
and controls the temperature.

Figure 3 shows the layout of the fuel reactor, which has three main
sections: (1) a low-velocity section, which is operated as a bubbling bed
(this chamber is divided into two parts separated by a wall with an
opening at the bottom, through which the particles are forced), (2) a
carbon stripper with the purpose to separate char particles from the solid
flow going from the fuel reactor to the air reactor, and (3) a high-velocity
section that gives the opportunity to increase the flow in the internal
loop by increasing the elutriation of the oxygen carrier into the riser. This
option was not used in these tests.

The low-velocity section is fluidized with steam, and in this bed, all
reactions related to char are expected to take place, that is, fuel gasification
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Figure 2. Pilot plant system: (a) fuel reactor, (b) air reactor, (c) riser,
and (d) cyclone.

and reaction of the gasification products with the oxygen carrier. However,
as noted above, most of the volatiles are released above the bed and have
little contact with the oxygen carrier. The solid inventory in the low-
velocity section is around 6 kg. A detailed description of the 10 kW pilot is
given elsewhere.'”

This 10 kWy, pilot has already been used for approximately 90 h of
continuous operation with various solid fuels and ilmenite as an oxygen
carrier."* "7

The pilot is equipped with 40 pressure transducers to monitor the
pressures. The temperatures in the air reactor, fuel reactor, and air-
reactor cyclone are also measured. Gas-sampling outlets are located on
both chimneys. At the air-reactor outlet, concentrations of CO, CO,,
and O, are measured online, and at the fuel-reactor outlet, concentra-
tions of CO, CO,, O,, CHy, and SO, are measured online with Sick
Maihak Sidor analyzers and registered. The H, concentration could also
be measured online with a Rosemount NGA2000 analyzer. Bag samples
of the product gas flow from the fuel reactor were also taken and
analyzed with a gas chromatograph Varian Micro-GC CP4900; this was
used to confirm the results from the other analyzers. The fluidizing gas
flows are controlled and monitored by mass-flow controllers. The steam
flow to the low-velocity section is controlled by a steam generator.

The flows for the fuel reactor and the loop seals were kept constant
during all experiments and are shown in Table 2. Fj gygy, is the steam
flow in the low-velocity section in the fuel reactor with a value of 21 Ly/
min, which corresponds to a gas stay time in the bed of 2.9—3.0 s at the
temperatures tested. Fcg is the N, flow in the carbon stripper. Fiypygy, is
the N, flow in the high-velocity section in the fuel reactor. Fyyy s is the N,
flow in the higher loop seal. F; oy s is the N, flow in the lower loop seal.
Fgrys is the N, flow in the small fuel-reactor loop seal.

B DATA EVALUATION

The purpose of the data evaluation is to assess the perfor-
mance of the process. Because not all of the fuel fed is converted
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Figure 3. Main layout of the fuel reactor, top view and front view, with
the particle circulation directions: (1) low-velocity part, (2) carbon
stripper, and (3) high-velocity part.

to gaseous compounds, all calculations are made with the fuel
fraction that is actually measured to be converted to gas. This
fraction is expressed by the solid fuel conversion, 77gg. The carbon
flow of the introduced effective coal is calculated as the sum of all
carbon-containing flows exiting in the system. Fco, rr, Fcorrs
and Fcyy, pr are the flows of CO,, CO, and CH,, respectively, in
the fuel-reactor product gas, and Fco ar is the CO, flow from
the air reactor. Fc fyerin i the carbon flow contained in the fuel
feeding, Mge1in, and [Clg,e is the mass-based carbon content in
fuel given by the ultimate analysis.

Fc fueleff  Fco,rr + Fco,rr + Fcn,rr + Fco, ar
rhfueL in [C]fuellOOO/IZ

(8)

The flow of each species in the fuel and air reactor is calculated as
a product of the fraction in the outgoing gas and the total fuel-
and air-reactor flow, both on a dry basis. Sulfur-containing
species and higher hydrocarbons are omitted. The total N, flow
introduced in the fuel reactor is the sum of the flows to the high-
velocity section of the fuel reactor and small fuel-reactor loop seal
and about 50% of the fluidizing N, to the upper and lower loop
seals. N, to the air reactor is the sum of N, in the air flow introduced
in the air reactor and half of N, fluidizing the upper and lower
loop seals.

Table 2. Flows for the Fuel Reactor and the Loop Seals, in
Ly/min

FLOVEL(HZO) FCS(NZ) FHIV'EL(NZ) FHILS(NZ) FLOLS(NZ) FFRLS(NZ)

21 6 2 4 4 2

In every combustion process, ensuring enough oxygen avail-
ability is fundamental for the good performance of the process. In
the particular case of this technology, this availability can be
evaluated by means of the oxygen carrier to fuel ratio, OC/fuel,
which is the amount of oxygen that can be supplied by the oxygen
carrier divided by the oxygen demand of the effective fuel feed. It
depends upon the oxygen-carrier circulation rate, which is given
by the operation conditions and configuration of the riser in a
circulating fluidized-bed system. For the OC/fuel calculation,
only ilmenite is taken into account as the oxygen carrier.

0O, supplied by OC

OC/fuel =
02 demand, fuel in FR

B FocRo, 1m1000/32
@ (Fep, rr + Fcorr + Fco,rr + Fco, ar)

)

Dy is the oxygen carbon ratio, that is, moles of O, needed to
fully oxidize a mass of fuel containing 1 mol of carbon. For this
fuel, @ is 1.13 mol of O,/mol of C. Fy is the solid circulation
rate, which can be expressed as the oxygen-carrier inventory
in the fuel reactor, m,., which was around 6 kg in this pilot
for ilmenite, divided by the mean oxygen-carrier residence
time, tr,OC'

Foc = moc/t,oc (10)

Although f, oc is not measured in this plant, it is approximately
calculated using the correlations established for this plant by
Markstrom et al.®” that use the pressure drop registered in
the riser, the air-reactor total exit flow, and the air-reactor
temperature.

The efficiencies that indicate the performance of the process,
in gasification as well for the combustion reactions, are defined as
follows. The carbon-capture efliciency, 7jcc, is the ratio of the
carbon that is converted to gas in the fuel reactor to the effective
carbon flow. This efficiency reflects unconverted char reaching
the air reactor and being burnt to CO,.

Fco, R + Fcorr + Fcu, mr (11)

e Fco, k)R + Fcorr + Fcu, rr + Fco, ar

A parameter that can also be used to evaluate the carbon-capture
efficiency via analysis of the air reactor is the oxide oxygen
fraction, 7700, defined as the amount of oxygen used to reoxidize
the oxygen carrier in the air reactor divided by the total amount of
oxygen consumed in the air reactor, which is the oxygen to oxidize
the oxygen carrier and the unreacted char coming from the fuel
reactor. Fag i, is the air flow introduced in the air reactor, and yco, ar
and yo_ar are the CO, and O, fractions in the air reactor.

_ Earin0-21 — Far (yco, ar_+ yo,,a0)
Far n0-21 = Faryo, R

Moo (12)
For @ equal to 1, 77cc should be equal to 700 under steady
state. In practice, the actual value of the O,/C ratio, @ ¢,y is
considerably lower than the theoretical value of 1.13, because of
the incomplete oxidation in the fuel reactor. Therefore, 1700
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should also be lower than 77cc. 7700 has one important advantage
because it can be calculated using only gas concentration
measurements and does not include any uncertainties arising
from the calculation of the gas flows.

To evaluate the performance of the system toward combus-
tion, the parameter oxygen demand, Qop, is used. It evaluates
the need of a later oxygen-polishing step, and it is the fraction of
O, lacking to achieve full combustion of the fuel-reactor-pro-
duced gas (see eq 13). The advantage of Qo is that it does not
include any flows; thus, it is only dependent upon gas concentra-
tions and not flows.

Q OZ demand gases FR
oD —

02 demand, fuel in FR

_ 2Fcp,rr + 0.5Fy,rr + 0.5Fco,rr
@ (Fcn, rr + Fco,rr + Fco, r)

_ 2ych, kR + 0.5y, rr + 0.Syco,rr (13)
Do (ycn, R + yco,rR + Yco,FR)

The reaction rate of the materials used in the reduction reaction
was evaluated with TGA by means of the mass-based conversion
degree, w, defined as
m
w=— (14)
mey
with m being the instantaneous mass of the material acting as an
oxygen carrier and m, being the initial mass of fully oxidized
material.

B RESULTS AND DISCUSSION

The experiments were performed at two temperatures of the
fuel reactor: 950 and 1000 °C. The temperature in the air reactor
was within the range of 820—980 °C. The fuel flow was either
479 or 1053 g/h, which corresponds to a fuel power of 4.2 and 9.3
kW, respectively. The particle recirculation between reactors
was controlled by the air flow to the air reactor, which was varied
from 155 to 190 Ly/min. Operation under various conditions
was performed for 8 h, of which 4 h with the mixture of ilmenite
and limestone and 4 h with only ilmenite. All of the conditions
tested were maintained for 30—60 min.

Continuous Testing with limenite Only. Base Case. To
evaluate the influence of adding limestone on the performance of
the CLC process, experiments using only ilmenite as the base
case were performed. Initially in the whole plant, there was about
a 15 kg inventory of ilmenite with a particle size of 90—250 gm.
The fuel-reactor inventory was about 6 kg.

At each tested temperature, two different air flows were used
for the ilmenite tests to change the solid circulation rate and,
therefore, the residence time. Conditions were stable, and the
coal feeding rate, rigerin, was 479 g/h. Table 3 gathers the
averages of gas concentrations for the experiments using only
ilmenite as an oxygen carrier at the fuel-reactor temperatures and
introduced air flows to the air reactor tested.

Figures 4 and S show a comparison of the main parameters
that indicate the system performance. At 950 °C, the experiment
with a higher circulation rate and OC/fuel ratio (Figure 4a) had a
lower carbon-capture and oxide oxygen fraction compared to the
test with a lower OC/fuel (Figure 4b). That was due to the
increase in the time to gasify the char fuel. Thus, 77c¢ increased
from 0.7 to 0.83 when the residence time rose from 8.1 to

Table 3. Gas Concentration Averages (Dry Basis) for the
Experiments Performed with Ilmenite, with N, to Balance

temperature (°C) Far in (Ln/h) CO, H, CcO CH,

950 190 14.8 5.9 22 12
950 1S5S 194 7.7 3.4 13
1000 190 15.2 5.7 2.4 1.3
1000 155 16.6 6.1 2.8 12

13.5 min. The same improvement in the gasification efficiency
could be seen at 1000 °C. 77¢c increased from 0.59 to 0.77 when
the residence time rose from 4.9 to 9.2 min. The oxygen demand
is not substantially influenced by the residence time within the
resulting range of residence times of the tests. In all cases, the
OC/fuel ratio was above 1. At 950 °C, the oxygen demand was
0.33, and at 1000 °C, the oxygen demand was 0.28 and 0.29.
However, there was no significant effect of the solid residence
time on the oxygen demand. Thus, both gasification efficiency
and gas conversion efficiency increased at higher temperatures.
An increased performance for higher temperatures when using
only ilmenite was already seen by Cuadrat et al.'> and Berguer-
and et al."*

A high fuel feed test with ilmenite was also performed to
compare it to the experiment at high fuel feeding after limestone
addition. The petcoke feed flow was 958 g/h, and the average
main results obtained will be presented in the section summariz-
ing the results.

Continuous Testing with llmenite and Limestone Mixture.
Effect of the Limestone Addition. After operation of the base
case, 4 kg of limestone with a particle size of 90—200 ym was
added, corresponding to 2.2 kg of burnt lime, CaO. The mass
fraction of limestone in the fuel reactor was later measured to be
about 12%. Because of the fluidization properties of both types of
particles, the mass fraction of limestone in the fuel reactor was
higher than in the air reactor.

Effect of the Temperature. In this section, a series of experi-
ments performed with the mixture of ilmenite and limestone as
the bed material with fuel-reactor temperature variation is
evaluated. Figure 6 shows the measured gas concentrations in
the fuel and air reactor for a 150 min period. Conditions were
stable, and the fuel feed was 479 g/h. After 62 min, the fuel-
reactor temperature, Tgg, was raised from 950 to 1000 °C. After
125 min, the temperature was lowered back to 950 °C. Similar
values as previously at 950 °C were obtained, indicating the
reproducibility of the results.

At 1000 °C, higher amounts of H,, CO, and CO, are being
generated in comparison to the conditions reached at 950 °C,
which, however, had a better CO,/CO ratio. The amount of CH,
released was similar and slightly lower at 1000 °C. CO, from the
air reactor was measured, indicating char escaping to the air
reactor. CO, in the air reactor was lower at 1000 °C.

The calculated OC/fuel ratio and mean residence time of the
tests shown in Figure 6 are represented in Figure 7. Note the
definition of OC/fuel, i.e., the oxygen available from the oxygen
carrier based on mass circulation over the oxygen needed by the fuel
actually converted in the fuel reactor. Thus, this ratio may decrease
from a reduced circulation or an increased fuel conversion rate.

The estimated average oxygen-carrier residence time, t, o,
was in the range of 9—13 min, corresponding to solid circulation
rates of 40—28 kg/h. Because the gasification rate for this fuel
was found to be quite low, about 20 wt %/min at this temperature
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material. fitg,e15n = 479 g/h. The dashed line shows when the air-reactor
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range with ilmenite as an oxygen carrier,'> and assuming that the
residence time for the fuel is the same as for the oxygen carrier,
the mean residence time is insufficient to fully gasify the char.
The OC/fuel ratio was between 1.2 and 2. When the oxygen
carrier is highly converted, the reactivity decreases rapidly.
Considering the reaction rate for the reduction of activated
ilmenite,"® the lower conversion rate could start at about
a reduction conversion of 0.7—0.8, which corresponds to
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Figure 6. Measured product gas distributions in the fuel (dry basis) and
air reactor for experiments performed with the mixture of ilmenite and
limestone as the bed material with fuel-reactor temperature variation:
Ter = 950 and 1000 °C. fitgyer 1 = 479 g/h.

OC/fuel below 1.3—1.4. This is in line with the study made by
Markstrom et al.,*® who concluded that poorer conversion in this
unit was obtained when the mass-based conversion degree
variation was around 2.8%, which would correspond to an
OC/fuel of 1.4.

Figure 8a shows the corresponding 77cc and 700 when using
the mixture ilmenite and limestone as the bed material at Ty of
950 and 1000 °C. At 950 °C, 5jcc is about 79% and 7o is about
70%. For 1000 °C, the values are 86 and 81%. That is, the
gasification rate is clearly improved by the temperature.

However, the oxygen demand at 950 °C was 24%, which was
lower than the oxygen demand at 1000 °C, 28%. This is in
contrast to the results with only ilmenite, where the gas conver-
sion was improved by higher temperatures.

Effect of the Fuel Feed. A test period where the fuel feed was
increased to an effective value of 1053 g/h was performed. The
fuel-reactor temperature was 950 °C. The resulting values of the
most important parameters are represented in Figure 9.

In the test performed with a higher fuel flow, the resulting OC/
fuel ratio dropped to 0.7 and is not fully comparable to the other
tests (tests operated with ratios over 1), because the system was
operating in sub-stoichiometric conditions. Note that the OC/
fuel ratio should be over 1 to ensure that the circulating OC can
supply enough oxygen to fully oxidize the introduced fuel.

Effect of Limestone Addition. The experiments with only
ilmenite chosen for the comparison are those with more similar
OC/fuel ratios. Figure 10 shows the process efficiencies before
and after limestone addition at a fuel-reactor temperature of
950 °C. The gas conversion was higher at 950 °C, because 2op
decreased from 0.33 to 0.24. 17cc is higher for ilmenite only in
Figure 10, but this could be explained by the shorter residence
time. Two tests with different residence times were made with
ilmenite only (see Figure 4). By interpolation of these two tests, it
can be seen that 77 ¢ is somewhat lower for ilmenite only, 0.76, as
compared to ilmenite and limestone, 0.79, which is a slight
improvement.

At 1000 °C (Figure 11), there was no significant difference in
the gas conversion, because 2op was quite similar after limestone
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Figure 8. (a) Oxygen demand, Qqp, (b) carbon-capture efficiency,
e, and oxide oxygen fraction, 1700, for experiments with ilmenite and
limestone shown in Figures 6 and 7.

addition. However, the efficiencies related to char conversion were
improved by the presence of limestone. 770 increased from 0.66
to 0.81, and 77cc increased from 0.77 to 0.86. The improvement of
the char conversion was also seen by the higher CO plus CO,
flows from the fuel reactor.

Operational Overview. Table 4 shows a summary of the
average values for the main experiments performed: the car-
bon-capture efficiency, 77cc, the oxide oxygen fraction, 7700, the
oxygen demand, Qop, the OC/fuel ratio, the oxygen-carrier
average residence time in the fuel reactor, t, o, the sum of the
CO and CO, flows from the fuel reactor, Fco + Fco,, and the
total carbon flow in the effective coal fed, F¢ fuerer The most
interesting observations are related to the effect of the limestone:
(1) At 950 °C, there is a very clear reduction in the oxygen
demand, whereas no clear difference is seen at 1000 °C. (2) In all
of the cases compared, there is more rapid conversion of the char
in the presence of limestone, as seen in the increased flow of CO
plus CO,. Generally, the results shown in Table 4 follow
expectations and previous experiences. Thus, (1) char conver-
sion is faster at higher temperatures, and (2) a shorter residence
time reduces char conversion in the fuel reactor, i.e., gasification
efficiency, as seen by the lower flow of CO plus CO,.

Operational Problems. When operating with the mixture of
ilmenite—limestone, a substantial fraction of limestone was
elutriated and left the reactor system together with the product gas.
That caused some operational problems, because some Ca(OH),
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Figure 9. Oxygen demand, Qqp, carbon-capture efficiency, 77¢¢, oxide
oxygen fraction, 700, and OC/fuel ratio using ilmenite and limestone
and a high fuel feeding rate. #itge1;, = 1053 g/h. Trg = 950 °C.
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Figure 10. Comparison between the oxygen demand, Qop, the carbon-
capture efficiency, 77 cc, the oxide oxygen fraction, 7700, and the OC/fuel
ratio for experiments at Trg = 950 °C using (a) mixture of ilmenite—
limestone and (b) ilmenite as the bed material. fitg,e; = 479 g/h.

was formed at the end of the outlet pipe of the fuel reactor leading the
water seal (see Figure 2). This led to partial blockage of the pipe and
risk of overpressure and disturbance of the pressure balance in the
system. Therefore, the pipe had to be cleaned regularly. Despite these
complications, the unit could be continuously operated and stable
conditions and values were eventually obtained. In the beginning of
the tests after limestone addition, CaCOj3 in the limestone was
calcined, CaO was formed with consequent CO, release, and higher
amounts of lime were lost.
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Discussion of Mechanisms. To assess the possible oxygen-
carrier properties of the limestone particles used in the process, a
sample taken from the fuel reactor was reduced in TGA to
evaluate whether it transferred oxygen. The sample was reduced
with 5% H, and, subsequently, oxidized in TGA. There was some
loss of weight and, hence, oxygen transfer, but it is small.
Additionally, to this low oxygen transport capacity of the
sample, the reaction rates are much slower than the correspond-
ing rates with ilmenite, as seen in Figure 12. The lower reactivity
of CaSO, as an oxygen carrier with reducing gases (H,, CO, and
CH,) compared to ilmenite as an oxygen carrier has been
previously seen.>’ ~** Thus, it is unlikely that the effect seen in
the gas conversion caused by limestone addition is due to its
performance as an oxygen carrier. This is also consistent with
the previously mentioned laboratory study by Teyssié et al.,'
where the positive effect of adding CaO to ilmenite was seen
already in the first cycle with fuel, i.e., before any formation of
CaSO, is possible. Moreover, this study showed that the
positive effect of using highly sulfated limestone was only seen
in the first cycles and together with high SO, release. Thus, the
absence of SO, release in the present tests is an additional
indication that CaSO, did not significantly contribute as an
oxygen carrier.
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Figure 11. Comparison between the oxygen demand, €2op, the carbon-
capture efficiency, 77¢c, the oxide oxygen fraction, 7700, and the OC/fuel
ratio for experiments at Tgr = 1000 °C using (a) mixture of ilmenite—
limestone and (b) ilmenite as the bed material. fitg,ey;, = 479 g/h.

The study by Teyssié et al.'” also indicated that the beneficial
effect of limestone addition can be explained by means of its
influence on the WGS reaction (see eq 15).

CO + H,O0 <= CO, + Hy (15)

To evaluate how far from the WGS equilibrium the fuel-
reactor components in the product gas are, the fraction
(FHZ,FRFCOz,FR)/(FHZO,FR outFCO,FR) is calculated in each pOil’lt
for every experiment performed. It is compared afterward to the
WGS constant, kwgs, at the corresponding Trg. Figure 13 shows
the fraction (FHZ,FRFCOZ,FR)/(FHZO,FR outFCO,FR) obtained fOI’
experiments with the ilmenite—limestone mixture and for tests
performed with ilmenite only at 950 and 1000 °C. The equilib-
rium constant kwgs at the temperature considered is also
represented. At both temperatures, the exiting gaseous flows
with limestone addition were closer to the WGS equilibrium, i.e.,
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Figure 12. Mass-based conversion degree, w, of ilmenite and limestone

samples as a function of time. Reduction in TGA with 5% H, + 40% H,O
for ilmenite and 5% H, for limestone. T = 900 °C.
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Figure 13. Fraction (FHUFRFCOZ,FR) / (FHZO,FR outFcopr) for experi-
ments with the ilmenite—limestone mixture and with ilmenite as the bed
material at 950 and 1000 °C.

Table 4. Summary of the Average Values Obtained

Tce Moo Qop OC/fuel
950 °C, mixture 0.79 0.7 0.24 1.8
950 °C, ilmenite 0.7 0.67 0.33 2.6
950 °C, ilmenite 0.83 0.73 0.33 1.8
1000 °C, mixture 0.86 0.81 0.28 1.6
1000 °C, ilmenite 0.58 0.64 0.28 3.7
1000 °C, ilmenite 0.77 0.66 0.29 22
950 °C, ! feed, mixture 0.42 0.45 0.33 0.7
950 °C, ! feed, ilmenite 0.54 0.66 0.33 11

t,oc (min) Fco + Feo, (Ln/h) Fc fueletr (g C/h) Megetin (g/h)
10.7 360 270 479
8.1 230 210 479
13.5 300 210 479
10.8 445 290 479
4.9 255 250 479
9.2 350 260 479
8 640 870 1053
8.4 420 440 958
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to higher H, + CO, formation, although the difference was much
more pronounced at 950 °C.

Thus, limestone addition causes CO and H,O to react to give
CO, and Hy; i.e., Ca-based compounds could act as a catalyst for
the WGS reaction. This happens in the presence of an oxygen
carrier, ilmenite, which reacts faster with H, than with CO.
Consequently, the oxidation of the gas should proceed faster,
giving higher gas conversion and lower oxygen demand. This
effect is clearly seen at 950 °C (see Figure 10), although at a
temperature of 1000 °C, the improvement regarding the gas
conversion was residual when CaO was present in the solid
mixture (see Figure 11). From results shown in Figure 13, it
seems that the WGS reaction itself is fast enough at 1000 °C to
happen at similar extension with and without limestone addition.

The mechanism for improved char conversion is less clear.
The effect seen here is different from that found in the
literature,®>> for which calcium is known to have catalytic effects
on steam gasification of coal. To obtain good catalytic activity,
calcium must be atomically dispersed throughout the char, which
is not the case in this process.

In comparison to the addition of unsulfated limestone, batch
experiments with the addition of sulfated limestone to an
ilmenite bed at 970 °C showed more rapid char conversion in
the initial redox cycles and together with high SO, release, but
the benefits as well as the SO, release disappeared after a dozen
cycles.19 It is known that SO, enhances char conversion,* and this
is also the likely explanation for faster char conversion in the
cycles where SO, is released from CaSO, decomposition. The
present tests showed no SO, release from the fuel reactor, and
consequently, the mechanism of SO, release would not explain
the enhanced char conversion rate. Thus, the explanation for the
beneficial effect on the char conversion should be found in the
presence of CaO and not CaSO,.

Furthermore, the effect of the WGS equilibrium on char
conversion is not clear. The general effect is to lower CO and
raise H,. Because H, is a known inhibitor of steam gasification,
this would be expected to lower char conversion, but possibly the
lowered CO could compensate for this, with CO also being an
inhibitor of gasification.

Effect of Limestone Addition. Fate of Sulfur. Sulfur con-
tained in the fuel is released mainly in the form of H,S under the
reducing conditions in the reactor. Previous experience with
petcoke feed and ilmenite as an oxygen carrier showed that also
some SO, can be formed when oxygen-carrier circulation is high
enough."®

SO, in the fuel reactor was continuously measured online in all
experiments. For the experiments performed using only ilmenite,
the amount of SO, released in the fuel reactor depended upon
the oxidation conditions in the reactor. Thus, higher OC/fuel
ratios meant that more sulfur from the fuel was oxidized to SO,.
At 950 °C with an OC/fuel ratio of about 1.6, about 2% of sulfur
from the fuel feed was oxidized to SO,. For a higher OC/fuel
ratio of 2.5, about 3.5% of the sulfur feed was released as SO,. At
1000 °C, 2 and 9% of the sulfur feed, correspondingly, were
oxidized to SO, as seen in Figure 14. The higher value of 9% is
explained by a high OC/fuel ratio. It was not possible to see any
clear influence of the temperature.

Thermodynamic simulations showed that, under these condi-
tions, the rest of the sulfur coming from the fuel reactor should be
H,S. The simulations confirmed that SO, formed in the fuel
reactor was close to the thermodynamic equilibrium for SO,
regarding both the CO/CO, and H,/H,O ratios for each test.
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Figure 14. Fso /S, ratio and OC/fuel ratio for experiments with
ilmenite as the bed material at (a) 950 °C and (b) 1000 °C.

In the experiments with the mixture of ilmenite—limestone,
the SO, measurement showed that there was no SO, generated
during the 4 h of testing.

The SO, analyzer was connected for some minutes to the air
reactor during experiments at 950 °C and an OC/fuel ratio of 1.3,
and it turned out that about 13% of the sulfur feed was being
released in the air reactor. This sulfur was presumably coming
from the combustion of char that was flowing into the air reactor,
because the carbon capture in that moment was about 62%.
Considering that 38% of the effective fuel feed is converted in the
air reactor and assuming that S released from petcoke is propor-
tional to the carbon release, about 66% of sulfur that would have
been released in the air reactor was being retained by limestone.
Thus, SO, coming from the air reactor was smaller than the
expected release of sulfur from the fuel burning.

Sulfur and calcium mapping of a sample of limestone cross-cut
particles taken from the fuel reactor was performed by SEM
analysis. Sulfur was seen to be homogeneously distributed
throughout the particle (see Figure 15). The mass fraction of
sulfur in the particles was 4—5%.

An additional TGA analysis was performed as an approximate
measurement of the calcium species present in the used lime-
stone after these tests. A limestone sample taken from the fuel
reactor was heated from room temperature to 900 °C in a N,
atmosphere and lost about 25% of the initial weight. This
corresponded to the decomposition of Ca(OH), that would
have been formed from humidity uptake by the used limestone
from the fuel reactor. Afterward, the sample was reduced with 5%
H,, and the sample lost about 3.6% mass, compared to the initial
weight. This corresponded to the reduction of CaSO4 contained
in the sample. It is presumable that there is also CaS as the other
main sulfur-containing compound. The main component in the
used limestone taken from the fuel reactor was therefore CaO.

In total, 95 g of sulfur were fed during the hours of tests with
petcoke. In the fuel reactor, about 0.8 kg of limestone was
recovered. Considering the measured sulfur content of 4—5%,
the limestone extracted from the fuel reactor contained 32—40 g
of sulfur. Because there is also some limestone in the air reactor
and in the loop seals, as well as some SO, release from the char
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Figure 15. Image of a cross-cut particle and sulfur and calcium mapping performed by SEM analysis of a sample of limestone taken from the fuel reactor.

burnt in the air reactor, it is likely that a major part of all sulfur
released in the fuel reactor was taken up by limestone; that is,
both H,S and SO, released in the fuel reactor were reacting with
limestone to form CaS.

In conclusion, most of the sulfur released seems to have been
captured by the lime. Moreover, a steady state with respect to
sulfur was likely not reached during the 4 h of operation.

Il CONCLUSION

In this paper, the effect of limestone addition in a 10 kWy,
continuous CLC system fed with Mexican petcoke as fuel and a
mixture of ilmenite—limestone and ilmenite as an oxygen carrier
was assessed. The limestone content in the fuel-reactor bed at the
conclusion of the experiments was weighed to be about 12%, and
the rest was ilmenite. The tests showed good agreement with
previous tests and with what should be expected. (1) When the
residence time was higher, the gasification efficiency increased, as
shown by, e.g., the higher release of CO plus CO, from the fuel
reactor. (2) The fuel-reactor temperature was also provn to be
one of the determining variables for the performance of the
process, with an increase of the temperature being very positive
to increase the efficiency of gasification and, thus, the carbon
capture.

The more interesting conclusions are related to the effect of
limestone addition: (1) At 950 °C, limestone addition led to
improved gas conversion, with the oxygen demand being low-
ered from 0.33 to 0.24. At 1000 °C, however, no improvement in
gas conversion could be seen for lime addition. The improve-
ment in gas conversion can be explained by lime catalyzing the
WGS equilibrium and the subsequent faster reaction of H, with
ilmenite. (2) The oxygen transfer by sulfated limestone seems to
be small, and the improvement in gas conversion is probably
explained mostly by the effect of limestone on the WGS reaction.
(3) The char gasification rate was also improved by the addition
of limestone, at both 950 °C and 1000 °C, although the
mechanism has not been fully clarified. (4) Before limestone
addition, there was SO, and H,S release in the fuel reactor, and
the amount of SO, released was higher when the oxygen carrier
to fuel ratio was higher. After limestone addition, no SO, was
measured in the fuel reactor. SO, was measured in the air reactor,
coming from the unconverted char from the fuel reactor. (5)
There was sulfur retention by limestone, but more hours of
continuous operation would be necessary to ensure that lime-
stone uptake and release of sulfur stabilized with a constant sulfur
concentration in the particles. Although not apparent in the
present test, the beneficial effects of CaSO,/CaS as an oxygen
carrier could be different under other conditions. First, the tests
did not reach steady state, and second, the sulfur concentrations

were much lower than would have been the case in a real unit, i.e.,
with less dilution of gases in H,O. (6) For the solid fuel CLC, it is
not recommended to use limestone for sulfur removal because
the extraction of the used limestone would likely cause the loss of
high amounts of oxygen carrier. (7) The use of some limestone in
the process as an additive because of its effect in the WGS
equilibrium has been shown to be advantageous for the efficiency
improvement, gasification, and gas conversion.
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B NOMENCLATURE

AR = air reactor

FR = fuel reactor

CLC = chemical-looping combustion

[C]Jguel = mass-based carbon content in fuel

[O]fuel = mass-based oxygen content in fuel

Fag,n = air flow introduced in the air reactor (mol/s)

Far = outlet air-reactor gas flow (mol/s)

Fe fucl,err = carbon flow in the effective coal fed (mol/s)

FC fuclin = carbon flow in the coal feed introduced (mol/s)

Fco,ar = CO; flow from the air reactor (mol/s)

FCOZ,FR; Feorr FCH4,FR1 FHZO,FR ouv and Fsoz = flows of CO,, CO,
CH,, H,O, and
SO,, respectively, in
the fuel-reactor pro-
duct gas (mol/s)

Fcg = flow in the carbon stripper (mol/s)

Fgg = dry basis product gas flow (mol/s)

Fegryrs = flow in the small fuel-reactor loop seal (mol/s)

Fy,0,in = water steam inlet flow in the fuel reactor (mol/s)

Fyps = flow in the higher loop seal (mol/s)

Furver = flow in the high-velocity section in the fuel reactor

(mol/s)
Frors = flow in the lower loop seal (mol/s)
Frover = flow in the low-velocity section in the fuel reactor

(mol/s)
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Fx,ar = N inlet flow in the air reactor (mol/s)

Fn,rr = N, inlet flow in the fuel reactor (mol/s)

Foc = solid circulation rate (kg/s)

Me,O, = oxidized oxygen carrier

Me,O,_; = reduced oxygen carrier

m = instantaneous mass of the oxygen carrier (kg)

m, = mass of the oxidized form of the oxygen carrier (kg)

Mo = OXygen-carrier inventory in the fuel reactor (kg)

m, = mass of the reduced form of the oxygen carrier (kg)

Mfuelin = fuel feeding flow (kg/s)

OC = oxygen carrier

R im = 0Xygen transport capacity of ilmenite

Sin = sulfur flow contained in the fuel feeding (mol/s)

T = temperature (°C)

Tgg = temperature in the fuel reactor (°C)

t.oc = mean residence time of the oxygen carrier (s)

WGS = water—gas shift

Yo,ar and yco, ar = fractions in the air-reactor outlet flow of O,
and CO,

yCHMFR) Jco,,Fry YCo,Fry and yHZ,FR = dry basis fractions in the
fuel-reactor product gas
of CH,, CO,, CO, and
H,, respectively

Ncc = carbon-capture efficiency

Moo = oxide oxygen fraction

sk = solid fuel conversion

@ = mass-based conversion degree

Qop = oxygen demand

@, = 0,/C ratio for the fuel (mol of O,/mol of C)

@ . = actual O,/C ratio for the fuel (mol of O,/mol of C)
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Abstract

Chemical-Looping Combustion (CLC) is a combustion technology with inherent
separation of the greenhouse gas CO,. CLC is considered to be an option with low
energy penalty and low cost for CO, capture. An option for use CLC with solid fuels is
the in-situ Gasification-CLC (iG-CLC), where the solid fuel gasification and the
oxidation of gaseous products, i.e. volatile matter and gasification products,
simultaneously take place in the fuel reactor of the CLC system.

The objective of this work was to optimize the operating conditions for direct CLC with
solid fuels using ilmenite as oxygen carrier. A simplified model for the fuel reactor has
been developed, which describes the complex processes happening in the fuel reactor.
Thus, the effect of the main operating variables in the iG-CLC process can be analyzed
in a simpler way than using a detailed model. The model includes the possibility of
using a carbon separation system to recirculate unreacted char particles exiting from the
fuel reactor, reducing the by-pass of carbon to the air reactor. Also, the gasification
kinetics of a bituminous coal for both H,O and CO, as gasification agents and the
kinetics of the reduction reaction of ilmenite with H,, CO and CH, are incorporated to
the model. First, the simulated results have been compared to experimental results from
tests performed in a continuous 500Wy, CLC plant. Later, model simulations were
performed to evaluate the effect of the main operating variables of the fuel reactor (e.g.
temperature, solids inventory, efficiency of the carbon separation system, oxygen carrier

to fuel ratio, or flow and type of gasification agent) on the combustion and carbon
1
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capture efficiencies. The carbon capture was directly related to the extent of
gasification, which is promoted by increasing the temperature or the residence time of
char particles in the fuel reactor. It is highly beneficial to increase the solids inventory
up to 1000 kg/MWy, but further increase does not give a relevant improvement in the
carbon capture and it is better to increase the carbon separation efficiency than the
solids inventory. With an inventory of 1000 kg/MWjy, at 1000°C and a carbon
separation efficiency of 90% the carbon capture predicted was 86.0%.

1. Introduction

Chemical-Looping Combustion (CLC) is a novel combustion technology with inherent
separation of the greenhouse gas CO, that involves the use of an oxygen carrier, that
transfers oxygen from air to the fuel avoiding the direct contact between them.
Commonly, the CLC system is made of two interconnected reactors, designated as air
and fuel reactors. In the fuel reactor, the fuel is oxidized to CO, and H,O by an oxygen
carrier that is reduced. The reduced oxygen carrier is further transferred into the air
reactor where it is oxidized with air, and the material regenerated is ready to start a new
cycle. The flue gas leaving the air reactor contains N, and unreacted O,. The exit gas
from the fuel reactor contains only CO, and H,O. After water condensation, almost pure
CO,, can be obtained with little energy lost and low cost [1,2].

The CLC process has been widely developed for gaseous fuels [3]. However, it could be
advantageous if the CLC process could be adapted to the use of solid fuels. One of the
options to use the CLC technology with solid fuels is the so-called in-situ gasification
Chemical-Looping Combustion (iG-CLC) [3]. In this technology the solid fuel is
introduced directly in the CLC system and thereby coal gasification and reaction of the
released volatile matter and gasification products with the oxygen carrier take place
simultaneously in the fuel reactor. In the iG-CLC process the fuel reactor is fluidized by
a gasifying agent, e.g., H,O or CO,, as proposed by Cao et al. [4]. Thereby, the solid
fuel devolatilization and gasification takes place in the fuel reactor first and the resulting
gases and volatiles are oxidized through reduction of the oxidized oxygen carrier,
Me,Oy. The oxygen carrier reduced in the fuel reactor, MexOy.1, is subsequently led to
the air reactor where it is re-oxidized with air. The net chemical reaction as well as the

heat involved in the global process is the same as for usual combustion.



Fig. 1 shows the simplified reactor scheme of the CLC process with direct introduction
of solid fuels, which is composed by an air and a fuel reactor and the oxygen carrier that
circulates between them. Experimentally it was found that working at high temperatures
is required to reach high gasification rates [5]. The gasification process was found to be
the most relevant step to achieve high carbon capture as the solids stream going out
from the fuel reactor can contain certain fraction of unconverted char [6]. Thus, the
implementation of a carbon separation system is fundamental to ensure high gasification
extent and thus high carbon capture. Simple calculations done in a previous work have
shown that a carbon separation system is a critical component in order to have high
carbon capture efficiency [7]. A carbon stripper has been proposed in the literature as
the carbon separation system [4]. The carbon stripper increases the residence time of
char in the fuel reactor by separating and reintroducing ungasified char particles exiting
the fuel reactor [4,6].

To use an oxygen carrier with adequate behavior and properties is fundamental to reach
high performance in the CLC process. As for this option of CLC with solid fuels, the
fuel is physically mixed with the oxygen carrier, being predictable a partial loss of
oxygen carrier particles together with the draining stream of coal ashes to avoid their
accumulation in the system. In this context, the use of low cost materials such as natural
minerals or industrial waste products as oxygen carriers turns out to be very interesting
[6-12]. Among them, ilmenite is a low cost natural mineral which is promising for its
large scale industrial use as oxygen carrier with solid fuels. Performance of ilmenite has
been proven to be acceptable as oxygen carrier for CLC in recent studies made at
different scales [13,14]. Comparing the performance of several natural iron ores and
industrial products, Norwegian ilmenite was ranked among the materials which showed
higher reactivity for both gaseous and solid fuels [9,10]. Although ilmenite particles
initially have a rather low reactivity, it undergoes an activation process after several
redox cycles, where its reactivity remarkably increases for H,, CO and CHjy as reacting
gases [14]. The gas conversion showed by activated ilmenite was even similar to one
synthetic Fe,O3/MgAl,O, material selected from previous works [15]. llmenite has high
conversion of CO and H, for syngas applications, but moderate conversion of CH,4 for
the use of natural gas as fuel [14]. On the whole, ilmenite has adequate values of
reactivity and oxygen transport capacity for its use in the CLC technology with solid

fuels, which is confirmed by the results from the continuous CLC experiments done to



date. Additionally, ilmenite showed good mechanical stability and good fluidizing
properties [16].

In order to optimize the iIG-CLC system the modeling of the process is needed. A
summary of the mechanisms to date used for the modeling of CLC with solid fuels can
be found in Adanez et al. [3]. There is little modeling work done in CLC with solid
fuels. Mahalatkar et al. [17] simulated the behavior of a small batch fluidized bed for
coal conversion using a Fe-based oxygen carrier. They used the gasification kinetics and
the reduction kinetics of the oxygen carrier with pyrolysis and gasification products.
The theoretical results agreed to the experimental results. The combustion efficiency
depends on the char conversion in the fuel reactor and on the reactivity of the oxygen
carrier with the volatiles and gasification gases [5]. In addition, Stréhle et al. [18]
presented a simulation of 1 MWy, iG-CLC unit. They showed the need of a carbon
separation system in order to reach high values of char conversion in the fuel reactor
because of the slow gasification reaction.

The objective of this work was to determine the operating conditions that optimize the
carbon capture and combustion efficiencies in a CLC system fuelled with coal. For that,
a simplified model based on mass balances of a CLC system, including chemical
reactions and flow patterns, has been developed. lImenite was selected as oxygen carrier
and a bituminous Colombian coal “El Cerrejon” as solid fuel. In order to prove the
validity of the model, the results predicted with this model were compared to
experimental tests done in a 500 Wy, unit with this type of fuel and this oxygen carrier.
Later, the effect of the main operating parameters on the combustion and carbon capture
efficiency of the CLC system was analyzed. The parameters considered were the solids
inventory, the fuel reactor temperature, the efficiency of the carbon separation system,
the oxygen carrier to fuel ratio, the reduction degree of the oxygen carrier, the type and
flow of gasification agent, the fraction of oxygen carrier in contact with the volatile

matter, and the oxygen carrier reaction rate.

2. Reacting scheme in the fuel reactor

A theoretical model is a very useful tool to understand the operation of the system in a
general way, as well as to predict the influence of the different variables and optimize
their values. In this section a theoretical model for the fuel reactor has been developed

based on a simple reacting scheme. The model was as simple as possible, but describing
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with accuracy the complex chemical processes happening in the fuel reactor. Thus, the
effect of the main operating variables in the iG-CLC process can be analyzed in a
simpler way than using a more complete description of the gas and solids flow pattern
in the reactor.

The flow patterns of gas and solids here assumed were based on results obtained in a
continuously operated CLC unit [5,12]. In these experimental works, it was found that
the unconverted CH4, CO and H; from the fuel reactor were mainly coming from
unconverted volatile matter. However, neither tars nor other hydrocarbons than CH,4
were found. Also, gasification products were highly converted to CO, and H,0. A bad
contact between volatile matter and oxygen carrier particles was proposed as the main
reason for incomplete combustion.

Based on these results, a model of the system was developed to predict and optimize the
combustion and carbon capture efficiencies of the CLC process as a function of various
operational parameters. Thus, two different gaseous flows in the reactor are considered
independently and in plug flow: one for the gasification products in the dense phase and
another for the volatile matter released in plume. Fig. 2 shows a scheme of this flow
pattern. To simulate the different contact between the released gaseous fuels, the oxygen
carrier bed in the fuel reactor was considered to be divided into two separated zones:
one zone is in contact with the volatiles and the other zone reacts with the generated
gasification products. It is considered that there is perfect mixing of the solids and no
constrictions for the gas-solid reactions. Thus, this model assumes that there is no gas
exchange between the generated flow of gasification products in the dense bed and
volatile plume. Also, the model assumes that the only reducing species in the dense bed
are H, and CO, whereas CH, also appears in the flow coming from the volatile plume.
The model was developed and applied to ilmenite as oxygen carrier and EI Cerrején
coal as fuel. Calculations were made on the basis of 1 MWy, of corresponding fuel
power. The ultimate and proximate analyses and the heating value of the fuel are
gathered in Table 1. The simulations with variation of different parameters were done
using the properties of the fresh coal. However, the first simulations were done using
the pre-treated coal as fuel, since their results were used to compare and validate the
model with experimental results which were done with coal that was pre-treated to
eliminate some agglomeration problems that were observed in this coal [5]. Neither

sulfur nor nitrogen present in the fuel were considered in this model.



For the development of the model, it is necessary to know (1) the reaction scheme to be
considered in the mass balance; (2) the content and composition of the volatile matter in
coal, (3) the kinetics of char gasification with the gasification agent used; and (4) the
kinetics of the subsequent reaction of the gasification products with the oxygen carrier
together with the kinetics of the later reaction of the volatile matter with the oxygen

carrier are also required.

2.1. Differential mass balances in the fuel reactor

The mass flow changes in a differential mass of the reactor have been considered in the
model. To carry out differential mass balances of reactants and products during reaction,
the bed is divided into differential elements, both for (1) the gas flow in the dense
phase, where gasification takes place, and (2) the flow of volatile matter. Both flows go
in parallel and it was assumed that there is no exchange of gases among them. F; 41 and
Fig. are the gas flows of the gasification product i at the inlet and outlet of the
compartment in the dense phase, respectively; and F;,; and F;, » are the gas flows of the
released gas i in the volatiles at the inlet and outlet of the inventory differential mass,
respectively.

The mass balance in a differential mass is defined according to the following scheme of
reactions happening simultaneously in the fuel reactor:

Coal -» a CO + b Hy+ ¢ CHs+ d H,O + e CO; + f C (Char) (1)
C (Char) + H,O —» CO + H; )
C (Char) + CO, —» 2 CO (3)
Me,Oy + CHs —> Me,Oy.1 + CO + 2 Hy ()
Me,Oy + H, — Me,Oy.1 + Hy0 (5)
Me,O, + CO —> Me,Oy.1 + CO; (6)
2 Me,Oy + C (Char) — 2 Me,Oy.1 + CO; @)
CO + H,0 < CO; + H, (8)

Eq. (1) represents the coal devolatilization. Coefficients a to e depend on the
distribution of gases generated during the devolatilization in steam-CO, mixtures,
whose correlation used in this model will be described in section 2.2. Egs. (2) and (3)
show the char gasification with steam and CO,, and Egs. (4) to (6) represent the
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oxidation of the products of coal devolatilization and gasification by the oxygen carrier,
i.e. only Hy, CO and CHj, are considered as reducing species. The reduction of ilmenite
with solid carbon through a true solid-solid reaction is represented in Eq. (7). However,
results obtained in fluidized-bed reactors showed that the reduction by gasification
products, i.e. H, and CO, had a higher relevance than the direct solid-solid reaction
[7,20,21]. Therefore, the solid-solid reaction was not included in the model.

Eq. (7) corresponds to the Water-Gas Shift reaction. The fulfillment of it could modify
the CO, H,, H,O and CO, final concentrations. However, previous CLC experiments
performed with solid fuels show that the outlet concentrations are not in equilibrium and
that the Water-Gas Shift has no important influence on the gas product composition
[16].

Because of the different contact with the oxygen carrier and location of generation, the
reaction of the volatile matter species and char gasification products are considered
separately in this simplified model. Therefore, the mass balances for the H, and CO
generated in the dense bed from char gasification are expressed by Eq. (9) and (10),
respectively. For the volatile matter released reducing species, i.e., CH4, H, and CO, the
mass balances are Egs. (13), (14) and (15). These equations show the variation of the

molar flows of H,, CO and CH4 -F, , F, and K, , respectively-, for the gasification

and devolatilization products in a bed differential mass inventory dmgc.

Mass balances in dense bed:

e +: sani ) Zo0,) = 5 G hﬂ -0 ©
e :2 i e Zo0,) = 15 O 225 O e hﬂ ~0(10)
| O Y 200 ) |0 )
e {— s o) oe, )+ G, NH -0 (12)
Mass balances in volatile plume:

e s Zoc, =0 (13



ok, 1 oFch,

.. +M(—n.m,Hz)-zoc,v +2 e 0 (14)
% + ﬁ (~Tim o) Zocy + er?:c =0 (15)
Z?O: ~2d -1MO (=Fimn,) Zocy =0 (16)
Zzi—zghoGﬁmw)LxN=0 (17)

It was assumed that the coal devolatilization takes place instantaneously at the coal
feeding level. The contour conditions for the dense bed and plume phase are described
by Egs. (18) and (19), respectively, which are defined at moc = 0, that is, at the bottom

of the fuel reactor:

F, =F® (18)

(19)

0

i.qas 1S the flow of the

where F; is the flow of the gas component j in the dense bed and F

gas j introduced as gasification agent -usually H,O or CO,. Fy is the flow of the gas

component k in the plume, i.e., CHy, H,, CO, H,0 and CO,, and F.

o 15 the flow of the
gas component k that is released when coal is devolatilized at the bottom of the fuel
reactor.

Char is assumed to be uniformly distributed throughout the bed in perfect mixing. Thus,
the carbon concentration in the bed, fc, has a constant value throughout the reactor. The
gasification rate, rqasir, i based per mass of carbon in char. But the mass balances in the
dense bed are formulated per mass of oxygen carrier; see Egs (9-12). Thus, the term
fc/(1-fc) in these equations is necessary to express the gasification rate per mass of
oxygen carrier in a differential element, being congruent with the formulation of the
equations. The gasification takes place simultaneously with the reaction of the released

volatile matter and gasification products with ilmenite. (-f,, ), (~f,co) and
(—Fimcn,) are the reaction rates of ilmenite with Hz, CO and CH,, respectively. The

gasification products are generated in the dense bed and they have good contact with the
8



oxygen carrier particles and are considered to react separately from the volatiles. The
volatiles are released in a plume and they get in poorer contact with the oxygen carrier.
To take this into account, the oxygen carrier bed is considered to be separated in two
zones and the parameter yoc IS introduced as the fraction of the oxygen carrier bed that
is in contact with the volatile matter.

The global balance to the whole reactor is done by integrating the differential equations
over the total bed mass inventory. To solve the system of simultaneous differential
equations, the Runge—Kutta—Merson method was used. To find the solution of the
mathematical system, a value of ilmenite conversion variation AX and of carbon
fraction in the bed fc are initially assumed and the system is solved in two
interconnected loops. In the internal loop, with the assumed value of fc the system of
differential equations is integrated and with these data the outlet gaseous flows are
obtained, as well as the carbon flow that returns from the carbon separation system and
that leaves the fuel-reactor. With the last carbon flow fc is recalculated, until the
convergence is reached after successive approaches. Once the carbon balance has
converged, the oxygen balance that would give the value of AX for the fixed ilmenite
circulation rate must be accomplished. With this new value the calculations are repeated
until the simultaneous convergence for both fc and AX is reached.

From experimental results obtained in continuously operated units [5,12] it was
concluded that the implementation of a carbon separation system seemed to be essential
to obtain high carbon capture in an iG-CLC process. The carbon separation system
separates un-gasified char from oxygen carrier particles exiting from the fuel reactor, to
be later reintroduced to the fuel reactor. Thereby the fraction of carbon by-passed to the
air reactor, which will be burnt and not captured, is reduced. The use of a highly
efficient carbon separation system ensures high extent of gasification, and thereby high
carbon capture, by increasing char residence time in the fuel reactor. In Fig. 3 a scheme
of carbon flows involved in the fuel reactor and carbon separation system is represented.
The efficiency of the carbon separation system, ncs, on the carbon capture efficiency
has been evaluated in this work. ncs is defined as the fraction of carbon in char that is
separated and recirculated back to the fuel reactor with respect to the carbon in the char

that exits the fuel reactor together with the flow of oxygen carrier particles.



=
Nes =1- e (20)

( FC .char )out

(Fe.onar ), 1 the molar flow of carbon in char exiting the fuel reactor:

e fo /M
( FC,char )out - (1_ fc ) (21)

My 1S the solids recirculation rate, which is the oxygen carrier flow in the fuel reactor.

Thus, the calculated carbon capture efficiency will depend on the solids circulation rate.
In addition, the carbon not separated by the carbon separation system enters in the air

reactor where it gets oxidized to CO,. This carbon flow, F, .., is calculated from the

mass balance expressed by Eq (22).
FCOZ,AR = [C]fue| 'mfuel,in / Mc _[( I:coz + I:co + FCH4 )out _(Fcoz )in] (22)

The simulation results are obtained after adjusting the carbon fraction in the fuel reactor

bed so that the flow of gasification products accomplishes the following mass balances:

( Fe char )in = (Fc,char )0m + ( F )gp (23)

(Fe)y +(Fe ) =(Foo, + Foo + Fe, )., ~(Feo, ). (24)

(Fewar ), is the carbon flow in char entering the fuel reactor, which is sum of the char in

the coal feed and the char recirculated by the carbon separation system; (F . ) isthe

ouf

carbon flow of ungasified char that exits the fuel reactor; (F.)_ is the flow of carbon

contained in the products of char gasification; and (F.), is the flow of carbon in

volatiles.

Taking into account for the calculation of the carbon flow exiting the fuel reactor, see
Eq (21), if the solids circulation rate is increased, the fraction of carbon from char in the
fuel reactor, fc, must decrease to fulfill the carbon balance expressed in Eq. (23). This
fact is also considered in the carbon balance in the fuel reactor, expressed in Egs. (9-12),

affecting to the carbon being gasified.
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2.2. Solid fuel devolatilization

In this simplified model it was assumed that the devolatilization was instantaneous for
the range of coal particle size used and it took place in the bottom part of the bed, since
models predict devolatilization times in the order of less than one second under these
conditions [22]. All volatile matter was considered to be converted into gaseous species.
The composition of volatiles was experimentally obtained from devolatilization of El
Cerrejon coal in a fluidized bed using silica sand as bed material and H,O or CO; as
fluidizing gas [5]. In all cases the volatile matter was released in form of H,, CO, CHy,
H,O and CO, as gaseous species. Also small amounts of light hydrocarbons and tars
were found. Table 2 gathers the mass of the main gaseous species found in volatile
matter generated from 100 g of EI Cerrejon coal for the three different H,O-CO;
mixtures. The difference between the released devolatilized species for different
fluidizing gas composition is because there is some CH,4 reforming taking place with
H,O and CO,. Note also that, in some cases of the compositions given the values of
H.O or CO; have negative values, because some H,O and CO, was taken from the

gasification agent flow for the partial CH,4 reforming.

2.3. Char gasification

In char gasification, whose main component is carbon, the most common gasification
agents are steam and CO,, through which H, and CO are generated as for the following
reactions (2) and (3).

Kinetics of the gasification reactions for the El Cerrejon coal were obtained by TGA
analysis. For Kkinetics determination, conversion vs. time curves at different
temperatures (900-1050°C), gasification agent concentrations (i.e. 20-80 vol.% H,O or
CO,) and gas product concentrations (i.e. 0-40 vol.% H, or CO) were obtained. A
similar procedure was used to those found in [23]. As an example, Fig. 4 shows the char
conversion versus time curves for the gasification reactions with H,O of El Cerrejon
coal at different temperatures and different H, fractions as inhibitory agent obtained by
TGA.

It was assumed that char gasifies according to the homogeneous reaction model with
control by chemical reaction. The surface reaction follows a Langmuir-Hinshelwood
reaction model [23] and the reaction rate is constant with the char conversion. The

gasification rate r is defined by Eq. 32.
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1 dX

k
rgasif — (1_ X char __ lpreact (25)

) dt - 1+ k2 preact + k3 pprod

char

where Xchar IS the char conversion, preact IS the partial pressure of the gaseous reactants,
i.e. H,0 or CO;, pprod IS the partial pressure of the gasification products, i.e. H, or CO,
and ki, ko and ks are the kinetic constants.

Thus, the gasification kinetic parameters were obtained when using H,O and CO; as
gasification agents and taking into account the inhibitory effect of H, and CO. The
gasification Kinetic constants obtained are gathered in Table 3 in case of using H,O or

CO, as gasification agent.

2.4. Reaction of ilmenite with devolatilization and gasification products

The oxygen carrier considered in this work is ilmenite. Physical and chemical properties
of this material can be found elsewhere [14]. The oxidized ilmenite is a mixture of
Fe,TiOs and Fe,O3 as the main reacting compounds. The reduced compounds were
considered to be FeTiO3; and Fe3Q4, respectively. The corresponding oxygen transport
capacity of ilmenite, Rojim, was 4 wt.%, which was stated to be invariant in tests in a
500 Wy, facility [5].

IImenite undergoes an activation process and reaches a maximum and stable reaction
rate. This activation was seen to occur fast in continuous operation with coal as fuel [5].
Thus, the kinetics for activated ilmenite with H,, CO and CH,4 has been used for
modeling purposes in this work, which were obtained in a previous work by Abad et al.
[13].

A changing grain size model, with uniform reaction in the particle and chemical

reaction control was assumed. The main equations that describe this model are the

following:
tig, =1-(1-X,, )" (26)
pm rgrain

Ti:B.kO.e('Ea/RT).Cn_ (27)
S g1
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i being the time for complete solid conversion of the oxygen carrier for the reduction
reaction considered. Table 4 summarizes the kinetic parameters used for the calculation
of the reaction of ilmenite with H,, CO and CHa, coming from the devolatilization and
char gasification. In this case, the reaction of CH4 with the oxygen carrier is considered
to take place by means of a partial oxidation with CO and H; as intermediate products,
see Eq. (11), as it has been observed in other studies [24-26]. Thus, the stoichiometric
parameter b takes the correspondent value for the stoichiometry of reaction (4) with
ilmenite, where Fe,TiOs and Fe,Oj3 are reduced to FeTiO3 and FezO4, respectively.

The reaction rate of ilmenite for a given reaction i, (-r,,;), is calculated as:

dX,;
dt

(_rilm,i) = % Ro,ilm (28)

Xsi being the conversion of ilmenite by the reaction i and ® the characteristic reactivity
in the reactor. The parameter @ takes into account the residence time distribution of
particles in the reactor and the reacting time until complete conversion of particles.
Assuming perfect mixing of solids in the reactor and reaction of particles following a
shrinking core model with spherical geometry, the characteristic reactivity can be
calculated as [27]:

_ 1— X3 3 1- Xue
®=3[1-X®exp —uq). _8AX, 1- X2 exp _( s,m)q)
| AXg )] @ | AX

S S

2 1 X3
+6A)§S 1_exp _( S,In)q)
o AX

S

(29)

AXs being the variation of solids conversion in the reactor and X, the conversion of
solids at the reactor inlet. As starting point, the calculations for the model consider that
ilmenite is fully oxidized in the air reactor, i.e. the conversion for the reduction reaction
is 0.

The variation of the solids conversion in the reactor, AXs, is the oxygen transferred by
the oxygen carrier in the fuel reactor to oxidize the fuel divided by the oxygen that can

be supplied by the circulating oxygen carrier. So AX, is calculated as:
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':ZFCO2 + Fco + FHZO ]Out _I:ZF(:O2 + FHZO :Ln
R,..G

0,ilm™~s

AX, =M, (30)

Gs being the solids circulation flow rate.

3. Performance evaluation

One of the main parameters to evaluate the performance of a CLC system is the carbon
capture efficiency, ncc. This efficiency takes into consideration the physical removal of
carbon dioxide that would otherwise be emitted into the atmosphere and it is defined as

the fraction of the carbon introduced that is converted to gas in the fuel reactor.

(Fco2 + Fco + FCH4 )OuI - ( Fco2 )in
[C]fuel 'mfuel,in

(31)

Nee = Me

My 0€INg the coal feeding flow and [Cls.el the carbon fraction in the fuel. Note that in

this technology the char that has not been gasified is by-passed to the air reactor, where
is burnt to CO, which is not captured.

All the volatiles get out through the fuel reactor, so ncc depends on the gasification
efficiency or char conversion, Xcnar, Which is the fraction of the carbon in char

introduced the fuel reactor, (Fc char)in, that has been gasified. It is calculated as:

(Fc,char)in - FCOZ,AR

Xehar =
(FC,char)in

(32)

As CLC is a combustion technology, it is fundamental to get high combustion
efficiency in the fuel reactor, ncomn rr. The combustion efficiency in the fuel reactor is
defined as the fraction of the oxygen demanded by the volatile matter and gasification

products that is supplied by the oxygen carrier in the fuel-reactor.

(FHZO +2Fcoz + l:co) _(FHZO +2I:coz + Fco)m

_ out ! 33
Tlcomb FR chal -2 FC02 AR ( )

14



Thus, the combustion efficiency in the fuel reactor only considers the combustion of
compounds that can be oxidized in the reactor, i.e. gases from volatiles or char
gasification. The oxygen supplied by the oxygen carrier, numerator in Eq. (33), is
calculated from an oxygen balance to gaseous compounds entering to and exiting from
the reactor. The oxygen demanded by gaseous compounds evolved in the fuel reactor,
denominator in Eq. (33), is calculated as the oxygen demanded by coal to be fully
oxidized, Qcoq1, Minus the oxygen demanded by carbon not emitted in the fuel reactor,

.. Py, ae - The oxygen demanded by coal is defined as:
Qcoal = MO(Z[C]fueI /MC +0'5[H]fuel /MH _[O]fuel /MO)'mfuel,in (34)

[Cl.. [Hl., and [0],, being the carbon, hydrogen and oxygen fractions in the fuel,

whose values are obtained from the proximate analysis.

To evaluate the extent that coal is burned to CO, and H,O in the CLC system, not only
in the fuel reactor but also in the air reactor, the oxygen demand is defined. In this case,
the oxygen demand is referred here as the oxygen required to fully oxidize the
unconverted gases exiting the fuel reactor to CO, and H,O with respect the total oxygen

demand of the fuel.

(FHZ + I:CO +4FCH4 )out
Q=
Q

(35)

coal

The performance of the iG-CLC process was evaluated by analyzing these parameters
as a function of the residence time of particles in the fuel reactor, which depends on the
solids inventory and the solids circulation flow rate. Evaluation of the solids circulation
flow rate was done by the use of the oxygen carrier to fuel ratio, ¢, defined as the
availability of oxygen in the flow of oxygen carrier divided by the oxygen required to
fully convert the fuel to CO, and H,O:

Ro,nmmoc

s (36)

¢ =

coal
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So, ¢ = 1 corresponds to the stoichiometric flow of oxygen carrier needed for a full

conversion of the fuel to CO, and H-O.

4. Results and discussion

A model has been developed to predict both the carbon capture and combustion
efficiencies of the iG-CLC process as a function of various operational parameters with
ilmenite as oxygen carrier and a bituminous coal “El Cerrejon” as fuel. The gasification
kinetics of this type of coal including the inhibitory effect of the gasification products,
and the reaction kinetics of ilmenite obtained by Abad et al. [13] were included in the
model. In addition, the effect of the presence of a carbon separation system is analyzed.
The model calculates the gas flow for CO,, CO, H,, H,0 and CHy,4 exiting from the fuel
reactor, as well as the fraction of unconverted char passing to the air reactor. Thus, the
carbon capture and combustion efficiency can be evaluated. Firstly, the predictions of
the model were checked with experimental results in a 500 Wy, CLC plant. After that,
simulations were performed using the model in order to evaluate the effect of
operational parameters on the performance of iG-CLC systems. The operational
parameters analyzed were the fuel reactor temperature, the solids inventory, the
efficiency of the carbon separation system, the type and flow of gasification agent, the
oxygen carrier to fuel ratio, the reduction degree of the oxygen carrier at the inlet of the
fuel reactor, the oxygen carrier reaction rate and the fraction of oxygen carrier bed that
is in contact with the volatile matter. All simulations performed were made for a
corresponding thermal power of 1 MWy, which is a feeding rate of EI Cerrejon fresh
coal of 0.0386 kg/s.

4.1. Comparison with experimental results

The model results simulated were compared to the experimental results obtained in
continuous operation in the 500Wy, CLC unit placed at the Instituto de Carboquimica
operated with pre-treated EI Cerrejon bituminous coal and using ilmenite as oxygen
carrier. The facility has no carbon separation system. Thus, calculations were done by
setting the parameter ncs = 0. The experiments were done at Tgg of 900°C, the
corresponding oxygen carrier to fuel ratio ¢ was around 2, steam was used as

gasification agent with steam to fixed carbon ratio H,O/C = 0.7 and the inventory was
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3100 kg/MWy,. In addition, ilmenite enters in the fuel reactor fully oxidized, i.e. Xsij =0
[5].

Preliminary results were obtained considering that the whole oxygen carrier bed got in
contact with the volatile matter and the gasification products in the dense bed. The first
simulations predicted full combustion of the products of devolatilization and
gasification. However, the experimental results showed some incomplete combustion,
which was found to be due to H,, CO and CH,4 coming from the volatile matter. As
mentioned, the volatile matter was not fully burnt due to poor contact with the oxygen
carrier particles, whereas char gasification products were found to be fully burnt at
temperatures above 890°C, as for the results obtained from experiments fuelled with
char from the same coal [5]. Therefore, it was considered that only part of the oxygen
carrier bed was in contact with the volatile matter. Thus, a fraction of oxygen carrier in
the fuel reactor that is in contact with the volatile matter, xocy, was introduced to
predict the experimental fuel reactor combustion efficiencies obtained. Simulations
varying yocy were performed. It was obtained that the yoc, that predicts the
combustion efficiencies obtained experimentally at different temperatures is 0.53%.
yocv = 0.53% is a rather low value, that is, the volatile matter released in the plume in
the experimental facility had indeed bad contact with the oxygen carrier. Fig. 5 shows a
comparison between predicted and experimental fuel reactor combustion efficiencies,
considering yocv = 0.53%. It can be seen that there is a good agreement between the
predicted and measured values.

As an example, experimentally at 900°C the following efficiencies were obtained:
Nce = 51.0%, Xchar = 32.0% and Meomb rr = 90.0% in the 500Wy, plant. Two simulations
with the same operating conditions were done to compare with experimental results.
The first one considered that the whole oxygen carrier bed is in contact with both
volatile matter and gasification products. With this simulation a combustion efficiency
of 100% was obtained. The second simulation considered that only a fraction of the
oxygen carrier of yocyv = 0.53% is in contact with the volatile matter. It turned out that
the predictions obtained with the model generally agreed with the experimental results,
since the resulting ncomb Fr Obtained was 89.9%. In both simulations the char conversion
and carbon capture efficiency simulated were close to the values obtained
experimentally. Note that the introduction of yoc, affects the combustion efficiency,
being its effect on ncc and Xchar Of very low relevance. In the simulation made
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considering yocv=0.53%, the mass fraction of char in the fuel reactor, fc, had a value of
0.34% and the calculated ilmenite conversion variation AXg was 24.7%.

Fig. 6 represents the evolution of CH,4, H,, CO, CO, and H,O molar flows within the
fuel reactor bed, expressed as mass fraction of the bed, moc/moc 1o, for a total solids
inventory of 3100 kg/MWy4,. Fig. 6a) shows the flows in the dense bed, that is, derived
from the gasification; Fig. 6b) represents the evolution of the volatile matter species
released in the plume; and the total sum of the flows of both phases is shown in Fig. 6c).
In the dense bed all the gasification products, i.e., H, and CO, are fully oxidized by the
oxygen carrier and the dense bed is only composed by increasing CO, from char
oxidation and the H,O as gasification agent. In the plume both CH, and H, decrease
with the reactor mass. CH, comes only as part of the released volatile matter species and
it is gradually consumed by its oxidation with the oxygen carrier. H, and CO come from
volatile matter release and as intermediates of CH, oxidation. H, disappears
continuously along the bed mass as it is quickly oxidized by ilmenite, while the CO
profile has a maximum because there is competition between the CO generation and its
reaction with the oxygen carrier.

After seeing that the model predicts the experimental results with a determined yoc.v,
simulation and process optimization proceed and thereby solutions for the modeling and
scale-up to a pilot plant or an industrial power plant can be performed. The effect of the
main variables in CLC with solid fuels is analyzed. In each evaluated case, the solids

inventory was taken as independent variable.

4.2. Influence of the fuel reactor temperature

Temperature was evaluated as one of the main operating variables in a CLC system
[5,19,28]. These and all the following simulations were done using fresh EI Cerrejon
coal as fuel. Fig. 7 shows the obtained ncc, Xchar and neomb Fr With increasing solids
inventory in the fuel reactor for fuel reactor temperatures of 900, 950 and 1000°C and
considering a system without carbon separation system. Gasification and combustion
reactions are promoted with the temperature, and thus Xcnar, Ncc and Meomob Fr, iNCreased
at higher temperatures. This was also seen experimentally by Cuadrat et al. with El
Cerrejon coal [5] and Berguerand et al. [28] with pet coke.

It is clear that the fuel reactor needs to have enough oxygen carrier inventory to oxidize

the fuel and to enhance the extent of gasification, since the residence time increases.
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Besides, the presence of an oxygen carrier increases the gasification rate because the
CO and H; concentrations decrease and thus their inhibitory effect, as it has been
experimentally tested [7,15]. For all the temperatures simulated and up to a solids
inventory of 2000 kg/MW4, all efficiencies increase substantially. For higher inventories
the beneficial effect is not so intense. With an inventory of 2000 kg/MW+, Ncomb Fr 1S
89% and it increases up to 98.7% with 5000 kg/MWy4, so it is not worth it to increase so
much the solids inventory, as well as the size and investment of such big facility. At
950°C as reference temperature, and with an inventory of 2000 kg/MWy, values
obtained for char conversion and carbon capture efficiency were Xcnar = 33.4% and ncc
= 52.5%. However, not even with an inventory of 10000 kg/MWy, full carbon capture
could be obtained.

In order to get higher extent of gasification, it was proposed to separate the char that has
not been gasified and recirculate it back to the fuel reactor, in order to increase the
residence time of char particles and thereby raise the carbon capture efficiency. This can
be made by means of a carbon stripper, whose beneficial effect has been experimentally
confirmed [8]. The critical role of the carbon stripper has been pointed out in various
previous studies [18,29]. Thus, the subsequent studies of the influence of several
parameters are done considering that the iG-CLC system accounts with a carbon
separation system.

Fig. 8 shows the concentrations of H,, CO and CH, at the fuel reactor outlet when
changing the fuel reactor temperature for increasing solids inventory in an iG-CLC
system with a carbon stripper of 90% efficiency. 90% can be considered as a very high
and extreme value of efficiency for a carbon separation system, but in this study it is
taken to assess how much the CLC performance can be improved with such a good
separation system and better see the influence of other parameters if carbon was highly
separated and recirculated. The simulated outgoing unburnt H,, CO and CH, decrease as
the temperature rises because both gasification and oxidation reactions are faster. For
inventories lower than 1000 kg/MWy, the CO concentration at higher temperatures is
higher. This is attributed to a more important improvement in the gasification rate and
reaction of CH, —as CO is an intermediate product of CH,4 oxidation—, compared to the
increase in the oxidation rate of CO.

Fig. 9 represents the carbon capture and char conversion in the process, where it can be

seen that to get high performance of the process, an inventory between 1000 and 2000
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kg/MWy, seem to be necessary and reasonable at all temperatures tested. To get high
gasification and oxidation rates, it is necessary to work at high temperatures. As an
example, with an inventory of 2000 kg/MW, and ncs = 90%, predictions of ncc of
79.3% at 900°C and 90.7% at 1000°C were obtained. Note the important increase in the
carbon capture and the char conversion when using the carbon separation system. All
the values of ncc obtained with ncs = 0%, i.e. for a system with no carbon separation
system, were lower. Therefore, the presence of a carbon stripper is confirmed to be
fundamental in order to increase the coal fed into the fuel reactor.

The simulated performance of the process regarding the oxidation of volatiles and
gasification products is shown in Fig. 10. In Fig. 10a) it can be seen that the fuel reactor
combustion efficiency grows with the temperature because of the increase in the
oxidation reaction of ilmenite with the products of gasification and devolatilization.
Above 900°C, the minimum solids inventory needed to obtain nemp rr above 85% is
1000 kg/MW4,. As an example, with a solids inventory of 2000 kg/MW4,, the simulated
resulting Mcomp Fr Was 86.0% at 900°C, 90.7% at 950°C and 94.2% at 1000°C. As there
is some H,, CO and CH, at the fuel reactor outlet, there must be a subsequent oxidation
step to fully burn the fuel reactor stream. Fig. 10b) plots the simulated total oxygen
demand, defined as the fraction of the oxygen demanded by the coal fed that is
necessary to burn the fuel reactor outlet gases to CO, and H,O. This is the oxygen that
should be supplied in a later polishing step to ensure final full combustion of the fuel.
The oxygen demand in the polishing step decreases with an increase of the fuel reactor
temperature. It is rather high at low inventories and decreases a lot at higher inventories
up to 2000 kg/MWy,. For instance with an inventory of 2000 kg/MWy4, the total oxygen
demand is 5.3% at 1000°C. For an optimum performance of the iG-CLC system, it
would be best to operate at temperatures above 950°C.

4.3. Influence of carbon stripper efficiency, ncs

Fig. 11 shows the concentrations of H,, CO and CH, at the fuel reactor outlet predicted
with increasing solids inventory for ncs = 0%, 80%, 90% and 100% at a fuel reactor
temperature of 950°C. As expected, for all ncs tested, for higher solids inventories, the
amount of released gaseous fuels that are not fully burnt is lower, i.e., H, CO and CH,4
mainly because the corresponding increase in the residence time of char particles in the
reactor. In a lower relevance, there is more oxygen carrier available to react and its
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average reactivity is slightly higher. In all cases this improvement in the oxidation and
the corresponding decrease in the H,, CO and CH, concentrations is sharper from
inventories up to 2000 kg/MWy,.

H, and CH,4 concentrations at the fuel reactor outlet decrease somewhat when ncs
increases. That is because more gasification products are being generated and as they
are better oxidized, more CO, and H,O are generated and the concentration of the
unburnt gaseous species decrease. The combustion of the gasification products is better
because they are generated in the dense bed of the fluidized-bed and they get in more
intimate contact with the oxygen carrier particles, whereas the bubbles of volatile matter
formed have worse contact with the oxygen carrier. The concentration of CO at the fuel
reactor outlet has maximum values for inventories of around 500 kg/MWjy, with ncs =
0% to 90%. Char recirculation causes an increase of char concentration in the bed.
Thus, the increase in the CO generation rate from gasification leads to those maximum
values. Compared with other values of ncs, in case of having a carbon separation
system with 100% efficiency, the CO concentration is higher for low inventories, as
there is a lot of CO being generated from char gasification, which ilmenite is less
effective to convert to CO, when the solids inventory is lower than 400 kg/MWj.

Fig. 12 shows the simulated char conversion, carbon capture and combustion
efficiencies with a wide range of oxygen carrier inventory if the system has a carbon
stripper of efficiency 0%, 80%, 90% and 100%. Higher ncs leads to higher ncc, which
is essential in this process. For example, with 1000 kg/MW;, at 950°C the resulting
simulated ncc increase from 45.2% with nes = 0% to 79.8% with ncs = 90%. That is,
this process needs a char recirculation system to achieve satisfactory values of ncc.
Obviously, ncs = 100% means that both char conversion and carbon capture efficiencies
are 100%, since there is no char transferred to the air reactor. The char concentration in
the bed is increased with the carbon stripper efficiency: with 1000 kg/MWy, at 950°C fc
was 0.36% with ncs = 0% and raised to 1.32% with ncs = 90%. This fact was advanced
in a theoretical analysis of the results obtained in a batch fluidized bed reactor [7].

As it could be foreseen from the outlet concentrations, the process performance for all
Ncs Simulated has the higher differences and improvements up to oxygen carrier
inventories of 1000-2000 kg/MWy,. Furthermore, from an inventory of 2000 kg/MWy,
an increase in ncs scarcely influences the combustion efficiency. For adequate values of

inventory and with the presence of a carbon separation system, there are still some
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unburnt gases at the fuel reactor outlet. Cuadrat et al. [5] saw experimentally that the
unburnt species come from released volatile matter because they leave the bed reactor
with insufficient contact with the oxygen carrier. That is, although the operation was
done at high temperature, with high oxygen carrier inventory and high ncs, there would
be still some unburnt volatile matter and a subsequent oxygen polishing step would be

necessary to fully oxidize the unburnt gases in the outlet stream from the fuel reactor.

4.4. Influence of the steam to fixed carbon ratio, H,O/C

The motivation of evaluating the influence of steam to fixed carbon ratio, here
represented as H,O/C, is to assess if the requirements of steam as fluidizing and
gasification agent are enough for the process. A ratio equal to 1 means that the amount
of steam introduced is the stoichiometric flow to gasify all the carbon in char from coal
fed. Fig. 13 shows predicted char conversion, carbon capture and combustion efficiency
variation obtained with increasing oxygen carrier inventories with this simplified model
for different H,O/C ratios from 0.4 to 4. The calculations are made for a wide range of
inventories. Possible changes in the fluid dynamics of the system derived from varying
the fluidization velocity are not taken into account in the results presented here.

It can be seen that this ratio has negligible influence on the combustion efficiency. On
the other hand, higher H,O/C ratio leads to enhanced char conversion and thus carbon
capture efficiency. However the effect is of low relevance for H,O/C > 0.7 and no
further improvement for ratios above 2 was found. The reason for this is that H,O is
only an intermediate compound in coal conversion, i.e. H,O is consumed by char
gasification but is regenerated by oxidation of H, produced during gasification. Both
reactions happen inside the fuel reactor.

Although a H,O/C ratio of 0.4 could be insufficient to ensure high gasification extent,
with a H,O/C ratio of 0.7 similar X¢nar values to the maximum are obtained. Thus, the
ratio H,O/C has very little influence on the process performance and it seems
reasonable to work with a H,O/C ratio of 0.7, as high values of ncc would be obtained
and some additional energy for steam evaporation would be saved. The same
gasification promotion trends and the independence of the oxidation reaction when
increasing the H,O/C ratio was experimentally seen in tests in a continuous 500 Wy,
CLC facility that used this type of fuel and ilmenite as oxygen carrier [12].
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4.5. Influence of the gasification agent type: H,O:CO, mixtures

The motivation of using CO; is that CO; is a gasification agent and that the recirculation
of part of the fuel reactor outlet stream will lead to savings of energy that are needed for
steam generation and therefore increase the efficiency of the whole process. Fig. 14
shows that the carbon capture and char gasification extent increase when there is higher
steam fraction in the gasification agent, being this less noticeable for higher ncs. This is
because for this fuel the gasification rate by steam is faster than gasification by CO,, as
it was assessed during Kinetics determination. However, the influence of the type of
gasification agent in the combustion efficiency is not very relevant. Although steam
gasification generates H, which is faster oxidized by ilmenite than CO, the reaction rate
of ilmenite with the gases generated is faster than their generation rate. Thus, the slight
increase in Meomp FR With higher H,O fraction that can be seen in Fig. 14c) can be only
partially explained by the enhanced gasification. The generation of a higher flow of
gasification products -which are better burnt because they have better contact with the
oxygen carrier- leads to higher combustion efficiency of the gases in the fuel reactor. To
maintain high gasification rates a carbon separation system should be implemented and
some CO, could be recirculated, finding a balance between the increase in the energy
efficiency of the whole system and the decrease in the carbon capture. For higher
efficiencies of the carbon separation system, the influence of the type of gasification
agent and the corresponding gasification rate are lower. Nevertheless, the char
concentration in the fuel reactor bed increases as the char gasification rate decreases, as
it is the case of using more CO; in the gas mixture. This fact will affect the design of the
carbon separation system, because the load of char will be higher if CO; is used as

gasification agent.

4.6. Influence of the oxygen carrier to fuel ratio, ¢

One important variable in the CLC process is the oxygen carrier to fuel ratio, ¢. This
ratio indicates the oxygen that can be supplied by the circulating ilmenite compared to
the oxygen needed to burn the fuel fed. In stoichiometric conditions the ¢ ratio is equal
to one. Fig. 15 shows the carbon capture and combustion efficiencies for increasing fuel
reactor inventories and for oxygen carrier to fuel ratios from 1.1 to 3.3.

The carbon capture efficiency clearly decreases for higher ¢. High oxygen carrier to fuel

ratio means high solids recirculation rate and thereby low residence time. The lower
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residence time leads to lower extent of gasification and thereby lower ncc. Moreover,
and increase in the solids circulation rate entails a decrease in the char concentration in
the bed. For higher solids recirculation rates and higher ¢, fc decreases correspondingly:
with 1000 kg/MWy, at 950°C fc was 1.70% with ¢ = 1.1 and decreased to 1.05% with
¢=3.3.

Fig. 16 plots the resulting combustion efficiency with increasing ¢ for set inventories
from 200 to 5000 kg/MW;,. Complementary to Fig. 15b), it shows that for high
inventories the combustion efficiency increases for higher ¢ because higher amount of
oxygen carrier is recirculated between reactors. When more ilmenite is recirculated, it is
less converted. Thus, the oxygen carrier average reactivity is higher and it is more
capable to convert faster the released gaseous fuels. On the other hand, for inventories
below 500 kg/MW+, Meomb rr has a slight decrease with increasing ¢ because there is
competition between the lower average reactivity and oxygen availability with the
higher generation of gasification products which are better oxidized. The trend of
increasing mcomb Fr fOr higher ¢ was experimentally seen for gaseous fuels [30,31]. The
increase of char conversion and carbon capture efficiency and decrease of ncomb Fr With
rising ¢ were observed with this type of fuel and oxygen carrier by Cuadrat et al. during
CLC fuelled with coal in a continuous unit [12].

The negative influence of the gasification step as ¢ increases has higher relevance as
Ncs decreases. However, neomb rr iIN CLC with solid fuels, as well as with gaseous fuels,
would increase with the oxygen carrier to fuel ratio if high ncc were reached, that is,

when the gasification step did not influence the system performance.

4.7. Influence of the reduction degree of the oxygen carrier, X in

The reduction degree of the oxygen carrier at the air reactor outlet, Xs i, establishes that
the minimum stoichiometric oxygen carrier to fuel ratio is 1/Xs ,. It also determines the
oxygen carrier average reactivity. For the fuel reactor, when the oxygen carrier is more
oxidized, the average reactivity and the combustion efficiency are higher. However,
when the need of reoxidation is higher, the inventory needed in the air reactor is greater.
The optimum value that minimizes the total inventory in both reactors is therefore an
intermediate conversion that depends on the reduction and oxidation kinetics [27]. As a
reference default value, the previous simulations have been performed with an oxygen

carrier reduction degree in the air reactor X, of 0. Fig. 17 represents the combustion
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efficiency variation for increasing Xs i, when ¢ = 2. From 0 and up to Xsin=0.4, Ncomb Fr
is scarcely influenced. From 0.4 the average reactivity decreases too much. The
theoretical minimum value for X, is 0.5 when ¢ = 2 in order to transport the required
oxygen from the air reactor to full oxidize the fuel fed. However, since the resulting ncc
is lower than 100%, for this simulation X, could be decreased to 0.7 to have enough
oxygen in the recirculated ilmenite to burn the carbon that is converted in the fuel
reactor. However, in that case the resulting ncomn rr Was only 60%. Thus, as first
approach and without a more complete study that included the air reactor, it can be
assumed that the optimum X, is within the range 0-0.4.

4.8. Influence of increasing the oxygen carrier reaction rate

An appropriate oxygen carrier in a CLC process should have enough reactivity with the
fuel. In CLC with gaseous fuels higher oxygen carrier reactivity leads directly to an
improvement of the process efficiency for the same inventory and it will be able to work
with lower inventories. In case of CLC with solid fuels, another factor must be taken
into account, which is the gasification, as it is the limiting step of this process. Fig. 18
shows the resulting carbon capture, char conversion and combustion efficiencies
predicted when increasing the oxygen carrier reaction rates. In these simulations,
reaction rate of ilmenite with all the gases -that is, H,, CO and CHy- is considered to be
multiplied by a factor represented by (-r)/(-rim), being (-rim) the ilmenite reaction rate.
The results show that although the final combustion efficiency increases with an
enhancement in the oxygen carrier reaction rate, the influence on both char conversion
and carbon capture efficiency is negligible. This has been calculated for a system
without carbon separation system and considering that the process accounts with a
carbon stripper with 90% efficiency. Thus, the use of an oxygen carrier with high
reactivity is important in order to reach high combustion efficiencies in the fuel reactor,

but is not the key factor in iG-CLC to get high ncc.

4.9. Improvement of the volatile matter oxidation

The volatile matter is released in a plume and the fraction of the oxygen carrier which is
in contact with the volatile matter resulted to be quite small. Thus, there are a poor
contact between volatiles and oxygen carrier particles which led to low value of the
combustion efficiency. However, note that the bed is a bubbling fluidized bed and the

25



height in the simulated facility is only 20 cm. The contact efficiency of volatiles with
solid particles can be improved in larger circulating fluidized beds. Besides, the contact
of volatile matter with the oxygen carrier in a fluidized bed combustor could be
improved by enhancing their dispersion along the bed surface, as by means of an
increase of the coal feeding points [32]. Any change in the contact efficiency of
volatiles can be simulated by the model by varying the parameter yocy. Fig. 19 shows
the effect of yocv 0N the combustion efficiency for different oxygen carrier inventories
in the fuel reactor. The char conversion and carbon capture for this case are not affected,
as the combustion efficiency lower than 1 was due to unburnt volatile matter and the
gasification products were completely oxidized in all cases. So it was not possible to
improve the char conversion due to decrease in the gasification inhibition. The yocy
obtained from experimental results in the continuous unit was 0.53%. As can be
observed there is a big effect of yocy on the combustion efficiency and ncomb rr Can be
increased from 80.8% to 99% if yocv increased from 0.53% to 3% with an inventory of
1000 kg/MWyy,.

A second option to fully burn the volatile matter is to implement a second step in the
fuel reactor (FR2), whose fuel would be the outlet gaseous stream of the solid fuelled
fuel reactor (FR1). The idea of installing a second stage for the complete combustion of
volatiles was first brought up by Lewis and Gilliland [33]. It is also an alternative to the
oxygen polishing step. As the fuel is gaseous, this second reactor would not be limited
by the gasification step and the contact with the oxygen carrier would be much better,
since the fuel would be introduced at the bottom of the reactor and not released in a
plume. Fig. 20 shows the minimum ilmenite inventory that would be required in the
second fuel reactor step to fully burn the outlet stream coming from the first fuel reactor
for different inventories in the first fuel reactor, for the case of using a carbon separation
system with 90% efficiency and working at 950°C. In FR2 it is considered that the
whole oxygen carrier bed is in contact with both volatiles and gasification products.
Values obtained for the second step fuel reactor are small: the maximum is 45 kg/MW,.
Note that although for increasing inventory in FR1, the quantities of unconverted gases
are lower, but they are more diluted because the total flows are higher as more H,O and
CO, are generated. This trade-off between the dilution and the amount of gaseous fuels
introduced in the second reactor explains the first increase in the resulting inventory
needed for the second fuel reactor.
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This seems a very promising option, as with an inventory of 1000 kg/MW4, in the first
fuel reactor, only additional 44 kg/MWy, in the second step of the fuel reactor FR2
would be needed to fully oxidize the fuel. For 2000 kg/MW4, in FR1, the second fuel
reactor would need 40 kg/MWy,. It is necessary to have an efficient carbon separation
system, as well as to have enough inventory in the first step of the fuel reactor to
achieve high carbon capture and combustion efficiency. However, the inventory of the
first step of the fuel reactor could be decreased as the outlet gases can be completely

burnt in the second fuel reactor, which is much smaller.

5. Conclusions

In this work a simplified model for in situ gasification Chemical-Looping Combustion
(iG-CLC) with solid fuels has been developed, based on the differential mass balances
with reaction of the fuel reactor for the gasification products evolved in the dense bed
and volatile matter in form of a plume. The model includes the kinetics of coal char
gasification and reaction of gasification and devolatilization products with the oxygen
carrier. The model results were compared with experimental results from tests
performed in a 500Wy, facility fuelled with “El Cerrejon” bituminous coal and ilmenite
as oxygen carrier. The limitation to obtain full combustion in the fuel reactor was
assigned to poor contact of the volatile matter with the oxygen carrier. A division of the
oxygen carrier bed in the fuel reactor was done and it was calculated that the fraction of
oxygen carrier in contact with the volatiles was 0.53% for the simulated facility. After
that, the operating conditions for iG-CLC were optimized by analyzing the effect of
relevant operating conditions on the performance of the system.

It was seen that it is essential that the fuel reactor has enough inventory to oxidize the
fuel and to enhance the extent of carbon capture, since the residence time increases. The
carbon capture was directly related to the extent of gasification, which is promoted by
increasing the temperature or the residence time of char particles in the fuel reactor. It is
highly beneficial to increase the solids inventory up to 1000 kg/MWy, but further
increase does not give a relevant improvement in the carbon capture. With inventory in
the fuel reactor of 1000 kg/MWj,, at 1000°C and an efficiency of the carbon separation
system of 90%, the carbon capture obtained is 86.0%. To further enhance the carbon
capture, to increase the efficiency of the carbon separation system is preferred rather

than increasing the solids inventory.
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As there is some H,, CO and CHy at the fuel reactor outlet, there must be a subsequent
oxidation step to fully burn the fuel reactor stream. The corresponding calculated
oxygen demand of this subsequent oxygen polishing step was 5.3% at 1000°C.

High oxygen carrier to fuel ratio means high solids recirculation rate and thereby lower
residence time, which leads a decrease in carbon capture efficiency. The negative
influence of the gasification step as the oxygen carrier to fuel ratio increases had lower
relevance as the efficiency of the carbon separation system increased.

To have a high reactive oxygen carrier is important to reach high combustion
efficiencies, but is not the key factor to get high performance of the process. Lower
influence on the iG-CLC performance was observed for the gasification agent to fixed
carbon ratio; the type of gasification agent in case of different H,O:CO, mixtures, being
the influence of the gasification agent type of less importance for higher efficiencies of
the carbon separation system; and the reduction degree of the oxygen carrier in the air
reactor outlet.

Improvement in the contact of the volatile matter with the oxygen carrier is necessary to
get high combustion efficiency. Some design solutions can be applied to increase the
contact. An improvement in the volatile matter dispersion along the bed would increase
the contact efficiency of volatiles. Full combustion can be also reached by
implementing a second fuel reactor step, whose fuel would be the outlet gaseous stream
of the first fuel reactor. The inventories needed in this second fuel reactor are very
small: 45 kg/MWy, as maximum value.

The simulation of a wide range of conditions showed that an optimized iG-CLC system
for solid fuels with ilmenite as oxygen carrier should have a carbon separation system
with high efficiency above 90% and the fuel reactor temperature should be above
950°C. A gasification agent to fixed carbon ratio of 0.7 would be enough and some CO,
from the outlet fuel reactor could be recirculated and used as gasification agent. The
optimum reduction degree in the air reactor outlet would be within the range 0-0.4. The
contact of the volatile matter with the oxygen carrier should be improved with some
design solutions or the implementation of a second fuel reactor is proposed as a very
promising option to fully burn the volatile matter and besides avoid another oxygen
polishing step. With these measures and range of values of the parameters and with an
inventory around 1000 kg/MWy4,, carbon capture efficiency higher than 90% and full
combustion will be reached.
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Notation

b = average stoichiometric coefficient for reaction of solid with reacting gas

[Cltuer, [Hluer, [Olrer fraction of carbon, hydrogen and oxygen, respectively, in the fuel
Cgq = reacting gas concentration (mol/m?)

CLC Chemical Looping Combustion

d = stoichiometric factor in the fuel combustion reaction with oxygen (mol O, per mol
of fuel)

E, activation energy (kJ/mol)

fc carbon concentration in the fuel reactor bed

Fc char carbon flow from the char introduced with the fuel (mol/s)

(Fc char)in carbon flow from char entering the fuel reactor (mol/s)

(Fc char)out Carbon flow of ungasified char that exits the fuel reactor (mol/s)

(Fc)gp flow of carbon contained in the products of char gasification (mol/s)

(Fc)vol flow of carbon contained in the volatile matter (mol/s)

(Feo,)in flow of introduced CO, as gasification agent (mol/s)
Feo, .= Molar flow of carbon that is oxidized in the air reactor (mol/s)

Fie1, Fie2 gas flows of the gasification product i in the dense bed at the inlet and outlet
of an inventory differential mass (mol/s)

Fiv1, Fiv2 gas flows of the released gas i in the volatiles at the inlet and outlet of an
inventory differential mass (mol/s)

F; flow of the gas component j in the dense bed (mol/s)

F« flow of the gas component k in the plume (mol/s)

Fo,» Feor Fen, s Feo,s Fi,o molar flows of Hp, CO, CH4, CO2 and H0, respectively
Fk?vo, flow of the gas component k that is released when coal is devolatilized (mol/s)

ngas flow of gas j introduced as gasification agent (mol/s)

FR1 solid fuelled fuel reactor

FR2 second fuel reactor proposed

Gg solids circulation rate (kg/s)

H,O/C gasification agent to fixed carbon ratio

IG-CLC in situ Gasification-Chemical Looping Combustion
ks, k Kinetic constants in the gasification rate (s bar™)
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ks kinetic constants in the gasification rate (s™)

kso = pre-exponential factor for chemical kinetic constant (mol' ™ m**? s™)
Me,Oy oxygen carrier in its oxidized form

Me,Oy.1 0xygen carrier in its reduced form

My COal feeding flow (kg/s)
M. molecular weight of carbon (kg/mol)
M, molecular weight of oxygen (kg/mol)

My Solids circulation rate per MWy, of fuel (kg/s per MW4)

Moc solids inventory (kg per MWy,)

n reaction order

Pprod Partial pressure of the gasification products (bar)
Preact Partial pressure of the gaseous reactants (bar)

(—r,;) reaction rate of ilmenite for a given reaction i )

(-r) oxygen carrier reaction rate (s™)
(-rim) ilmenite reaction rate (s™)

. gasification rate (s™)

(Fyasit D00 (Yasit )co, Char gasification rates with H,0 and COy, respectively s™h
(—Limn,) s (“fimco) s (“himen,) reaction rates of ilmenite with Hp, CO and CHy,
respectively (s™)

Fgrain grain radius (m)

Ro.im 0Xygen transport capacity of ilmenite (kg oxygen/kg oxygen carrier)

t time (s)

Ter fuel reactor temperature (°C)

Xchar Char conversion

Xs,i conversion of the oxygen carrier of reaction i

Xs,in conversion of solids at the fuel reactor inlet

AX, variation of the solids conversion in the reactor

@ characteristic reactivity of the oxygen carrier

Q, oxygen demand (%)

Q_., oxygen demanded by the coal feeding flow (mol O/s)

¢ oxygen carrier to fuel ratio
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Nce carbon capture efficiency

Ncs carbon stripper efficiency

Neomb Fr fuel reactor combustion efficiency

yoc.v fraction of oxygen carrier in bed that is in contact with the volatile matter

pm= molar density (mol/m?)

T time for complete solid conversion of the oxygen carrier for the reduction reaction

considered (s)
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Tables

Table 1. Proximate and ultimate analyses and lower heating value of fresh and pre-
treated El Cerrejon coal.

Table 2. Mass (g) of the different gaseous species generated from the release of the
volatile matter of 100 g of EI Cerrejon coal after CH,4 reforming, for different H,O-CO,

mixtures as gasification agent.

Table 3. Gasification kinetic constants for char from pre-treated El Cerrejon coal.
Gasification agents: H,O/H, and CO,/CO.

Table 4. Main parameters for ilmenite reduction kinetics with H,, CO and CH,4 at
950°C. P=1atm.
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Table 1. Proximate and ultimate analyses and lower heating value of fresh and pre-

treated El Cerrejon coal.

Fresh Colombian coal

C 68.0 % Moisture 6.2 %

H 4.2 % Volatile matter 33.4 %

N 1.6 % Fixed carbon 48.5 %

S 0.6% Ash 11.9%
Lower Heating Value: 25878 kJ/kg

Pre-treated Colombian coal

C 65.8 % Moisture 2.3%

H 3.3% Volatile matter  33.0 %

N 1.6 % Fixed carbon 55.9 %

S 0.6% Ash 8.8 %
Lower Heating Value: 21899 kJ/kg
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Table 2. Mass (g) of the different gaseous species generated from the release of the
volatile matter of 100 g of EI Cerrejon coal after CH,4 reforming, for different H,O-CO,

mixtures as gasification agent.

Gasification agent CO CO, CH, H.,O H,
100% H,O 5.7 42.8 7.1 -27.8 5.5
50% H,0 +50% CO, | 23.1 12.7 8.8 -14.7 34
100% CO, 46.5 -29.1 9.9 4.8 1.2
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Table 3. Gasification kinetic constants for char from pre-treated El Cerrejon coal.
Gasification agents: H,O/H, and CO,/CO.

H,0 CO,
K1 Hoo K2,H20 K3 H20 K1.co2 K2,co2 K3 co2
(s*bart)  (stbar™) s (s*bar?)  (stbar) s
Ko 52.6 2.81.10° 8.1.10° | 45310° 3.28107 1.84.10°
Ea (kd/mol)  95.1 -135.1 -218.5 160.1 -158.5 -157.6
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Table 4. Main parameters for ilmenite reduction kinetics with H,, CO and CH, at
950°C. P=1atm.

H, cO CH,
d 0.5 0.5 2

pn (Mol/m?®) 13589 13589 13589
grain (M) 1.2510°  1.25.10°  1.2510°
b 1.45 1.45 1.45

Kso 0.062 0.1 42

Ea (kd/mol) 65 80.7 135.9
n 1 0.8 1
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Captions of figures
Fig. 1. Reactor scheme of the CLC process using solid fuels (- - - optional stream).

Fig. 2. Mass flows changes of the gases involved in the process —products of

gasification and devolatilization- for a fuel reactor differential mass inventory, dmgc.

Fig. 3. Scheme of carbon flows involved in the fuel reactor and carbon separation

system.

Fig. 4. Char conversion versus time curves for the gasification reactions with H,O of El
Cerrejon coal obtained by TGA a) at different temperatures: 900°C, 950°C, 1000°C and
1050°C, using 20% H,0 + 0% H,; and b) with 40% H,0 and different H, fractions: 0%,
10% 20% and 30% H, at 1000°C.

Fig. 5. Fuel reactor combustion efficiencies obtained experimentally and theoretically
with the model, considering yocv = 0.53%, at different fuel reactor temperatures. Solids
inventory = 3100 kg/MWy,. H,O/C=0.7. ¢=2. ncs=0. X;in=0. Fuel: pre-treated EIl

Cerrejon coal.

Fig. 6. Evolution of the a) in the dense bed b) in the plume and c) total CH,4, H,, CO,
CO; and H,O molar flows within the fuel reactor bed, for a solids inventory of 3100
kg/MWy,. Ter=900°C. H,O/C=0.7. ¢$=2. ncs=0. Xsin=0. xocv=0.53%. Fuel: pre-treated

El Cerrejon coal.
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Fig. 7. Variation of a) carbon capture, b) char conversion and c¢) combustion efficiency
with increasing solids inventory for several fuel reactor temperatures. — 900°C, ----
950°C and ---- 1000°C. H,0/C=0.7. ¢=2. ncs=0. Xsin=0. xocv=0.53%.

Fig. 8. Variation of H,, CO and CH,4 concentrations at the fuel reactor outlet with
increasing solids inventory for several fuel reactor temperatures. — 900°C, ---- 950°C
and ---- 1000°C. H,0/C=0.7. ¢=2. ncs=90%. X in=0. xocv=0.53%.

Fig. 9. Variation of a) carbon capture and b) char conversion with increasing solids
inventory for several fuel reactor temperatures. — 900°C, ---- 950°C and ---- 1000°C.
H,0/C=0.7. ¢=2. ncs=90%. X in=0. x0cv=0.53%.

Fig. 10. Variation of a) combustion efficiency and b) total oxygen demand with
increasing solids inventory for several fuel reactor temperatures. — 900°C, ---- 950°C
and ---- 1000°C. H,0/C=0.7. ¢=2. ncs=90%. X in=0. xocv=0.53%.

Fig. 11. Variation of H,, CO and CH,4 concentrations at the fuel reactor outlet with
increasing solids inventory for ncs=0%, 80%, 90% and 100%. Trr=950°C. H,0/C=0.7.
$=2. X;in=0. 10cv=0.53%.

Fig. 12. Variation of a) carbon capture, b) char conversion and ¢) combustion efficiency
with increasing solids inventory for ncs=0, 80%, 90% and 100%. Tgr=950°C.
H,0/C=0.7. $=2. X;in=0. y0cv=0.53%.

Fig. 13. Variation of a) carbon capture, b) char conversion and c¢) combustion
efficiencies with increasing solids inventory for H,O/C ratios of 0.4, 0.7, 2 and 4.

Ter=950°C. ¢=2. 1cs=90%. Xsin=0. Y0cy=0.53%.

Fig. 14. Variation of a) carbon capture, b) char conversion and c) combustion
efficiencies with different H,O:CO, mixtures as gasification agent and for several ncs:
0%, 80%, 90%, 95% and 98%. Inventory= 1000 kg/MWy,. Tgr=950°C.
(H,0+CO0,)/C=0.7. $=2. Xsin=0. y0c.,=0.53%.
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Fig. 15. Variation of a) carbon capture and b) combustion efficiencies with increasing
solids inventory for oxygen carrier to fuel ratios, ¢, of 1.1, 1.2, 1.5, 2 and 3.33.

TFR:950°C. Hzo/C:0.7. 1]05290%. Xs,inZO. XOC,v:0-53%-

Fig. 16. Resulting combustion efficiency with increasing ¢ for inventories of 200, 500,

1000 and 5000 kg/MWi. Ter=950°C. H,0/C=0.7. 1cs=90%. X in=0. 10cy=0.53%.

Fig. 17. Combustion efficiency variation with increasing Xsi,. Inventory =
1000 kg/MWy,. Ter=950°C. H,O/C=0.7. ¢=2. ncs=90%. yocv=0.53%.

Fig. 18. Variation of a) carbon capture, b) char conversion and c) combustion efficiency
with increasing oxygen carrier reaction rate, for carbon stripper efficiencies of 0% and
90%. Inventory=500 kg/MW4,. Trr=950°C. H,0/C=0.7. ¢$=2. X, in=0.

Fig. 19. Combustion efficiency variation with increasing yocv for several inventories:
— 200 kg/MWy4,, ---- 500 kg/MW4, and ---- 1000 kg/MW4,. Ter=950°C. H,0/C=0.7.
$=2. 1cs=90%. X in=0.

Fig. 20. Minimum ilmenite inventory in the second fuel reactor to completely oxidize

the fuel for different inventories in the first fuel reactor. Terg=950°C. Conditions in the

first fuel reactor: H,O/C=0.7. ¢=2. ncs=90%. Xsin=0. xocv=0.53%.
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Fig. 1. Reactor scheme of the CLC process using solid fuels (- - - optional stream).
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Fig. 2. Mass flows changes of the gases involved in the process —products of

gasification and devolatilization- for a fuel reactor differential mass inventory, dmgc.
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Fig. 3. Scheme of carbon flows involved in the fuel reactor and carbon separation

system.
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Fig. 4. Char conversion versus time curves for the gasification reactions with H,O of El
Cerrejon coal obtained by TGA a) at different temperatures: 900°C, 950°C, 1000°C and
1050°C, using 20% H,0 + 0% H,; and b) with 40% H,0O and different H, fractions: 0%,
10% 20% and 30% H, at 1000°C.
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Fig. 5. Fuel reactor combustion efficiencies obtained experimentally and theoretically
with the model, considering xocv = 0.53%, at fuel reactor temperatures in the range
880-940°C. Solids inventory = 3100 kg/MWjy,. H,0/C=0.7. ¢=2. ncs=0. Xs,in= 0. Fuel:
pre-treated El Cerrejon coal.
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Fig. 6. Evolution of the a) in the dense bed b) in the plume and c) total CH,4, H,, CO,
CO; and H,O molar flows within the fuel reactor bed, for a solids inventory of 3100

kg/MWy. Ter=900°C. H,O/C=0.7. $=2. ncs=0. Xsin= 0. xocv=0.53%. Fuel: pre-treated

El Cerrejon coal.
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Fig. 7. Variation of a) carbon capture, b) char conversion and c¢) combustion efficiency
with increasing solids inventory for several fuel reactor temperatures. — 900°C, ----
950°C and ---- 1000°C. H,0/C=0.7. ¢=2. ncs=0. Xsin= 0. xocv=0.53%.
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Fig. 8. Variation of H,, CO and CH,4 concentrations at the fuel reactor outlet with
increasing solids inventory for several fuel reactor temperatures. — 900°C, ---- 950°C
and ---- 1000°C. H,0/C=0.7. $=2. ncs=90%. Xsin= 0. x0cv=0.53%.
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Fig. 9. Variation of a) carbon capture and b) char conversion with increasing solids
inventory for several fuel reactor temperatures. — 900°C, ---- 950°C and ---- 1000°C.
HzO/C:0.7. ¢=2. nc5=90%. Xs,in: 0. XOC,v:0-53%-
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Fig. 10. Variation of a) combustion efficiency and b) total oxygen demand with
increasing solids inventory for several fuel reactor temperatures. — 900°C, ---- 950°C
and ---- 1000°C. H,0/C=0.7. $=2. ncs=90%. X in= 0. x0cv=0.53%.
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Fig. 11. Variation of H,, CO and CH,4 concentrations at the fuel reactor outlet with
increasing solids inventory for ncs=0%, 80%, 90% and 100%. Trr=950°C. H,0/C=0.7.
$=2. X;in=0. xocv=0.53%.
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Fig. 12. Variation of a) carbon capture, b) char conversion and c) combustion efficiency

with increasing solids inventory for ncs=0, 80%, 90% and 100%. Tgr=950°C.
HzO/C:0.7. ¢:2. Xs,in: 0. XOC,v:0-53%-
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Abstract

Chemical-Looping Combustion, CLC, is among the most promising technologies to capture
CO; at low cost in power plants that use fossil fuels. In CLC the oxygen from air is transferred
to the fuel by a solid oxygen-carrier that circulates between two interconnected fluidized-beds:

the air- and the fuel-reactor.

In this work the CLC process for solid fuels using ilmenite as oxygen-carrier was evaluated in
a continuous CLC unit. In this process, gasification of solid fuel happens in the fuel-reactor
which is fluidized by a gasifying agent, i.e, H,O. This process has been referred as in-situ
Gasification CLC, iG-CLC. Different types of fuels were used to evaluate the feasibility of
using fuels ranging from lignite to anthracite and the effect of the coal rank on the process
performance. The temperature as one of the main process parameters was analyzed and a

temperature increase was proven to be advantageous to reach high efficiencies for all the fuels
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tested. All the parameters of influence were analyzed in the char conversion and combustion
efficiency. The carbon capture efficiency followed the trend of the coal rank, as it was higher
for lignite, then for the bituminous coals and it was lower for anthracite. Special attention was
put on the combustion of the volatile matter of the different fuels. In all cases oxygen demands
lower than 10% were found, and for anthracite the oxygen demand values were 3.5% because
of the lower volatile content of this fuel. The feasibility of using H,O:CO, mixtures as
gasification agent with each type of fuel was also assessed and it was seen that depending on
the type of fuel, some of the steam as gasification agent can be replaced by CO,, as in case of
bituminous coals and lignite.

Keywords: Chemical-looping combustion, Oxygen-carrier, llmenite, CO, capture, Coal.

1. Introduction

CO, is considered the gas making the largest contribution to the global warming. Its
concentration in the atmosphere has increased strongly over the few past decades as a result of
the dependency on fossil fuels for energy production. The global atmospheric concentration
of CO, increased from a pre-industrial value of about 280 ppm to 390 ppm in 2010 [1]. The
abatement of greenhouse gas emissions can be achieved through a wide portfolio of measures
in the energy, industry, agricultural and forest sectors. According to the analysis made by the
IPCC and IEA [2,3], Carbon Capture and Storage could contribute 15-55% to the cumulative
mitigation effort worldwide until 2100, to stabilize climate change at a reasonable cost.

In this context, Chemical-Looping Combustion (CLC) is one of the most promising
technologies to carry out CO, capture at a low cost [4]. CLC is based on the transfer of the
oxygen from air to the fuel by means of a solid oxygen-carrier. Different configurations have
been proposed for CLC: interconnected fluidized beds [5] and fixed alternating beds [6,7].

The most used for coal combustion is the two interconnected fluidized beds configuration [8-
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17], for which the two reactors are the fuel- and the air-reactor). In the fuel-reactor the
oxygen-carrier is reduced through oxidation of the fuel, thus obtaining a gas stream composed
by CO, and H,0O. The oxygen-carrier is afterwards directed to the air-reactor, where it is re-
oxidized with air and regenerated to start a new cycle. The net chemical reaction is the same
as at usual combustion with the same combustion heat released, but with the advantage of the
intrinsic CO, separation in the process without an additional step.

The development of clean coal conversion processes is of great interest regarding the
intensive use of coal as energy source. In this sense, the use of CLC with solid fuels is very
interesting when the capture of CO, is considered for a clean coal conversion process. One of

the options for CLC with solid fuels is the in-situ Gasification CLC, iG-CLC, see scheme in

Fig. 1.
N,, Oz<—| |—> CO,, H,O —‘__>C02
Me,0, H,0()
Air C - Fuel
reactor reactor |e—
Me,O, , [ g \ Coal
- Ca_rbon - “Ash
T stripper L co,
Air co, H,O(Vv)

Fig. 1. Reactor scheme of the CLC with solid fuels process using solid fuels. ( optional

stream).

In this process the solid fuel is directly introduced in the fuel-reactor, where it is mixed with
the oxygen-carrier and being gasified by the fluidizing gas, i.e. H,O or CO; [18]. Thereby, the
solid fuel devolatilizes and the char gets gasified following reactions (1-3). The oxidized
oxygen-carrier, Me,Oy, reacts simultaneously with the gaseous products of coal

devolatilization and gasification, with H, and CO as main components to give the combustion



©CO~NOOOTA~AWNPE

products, CO, and H,O (see Eq. 4). Then the reduced oxygen-carrier, MexOy.1, exits the fuel-

reactor and is oxidized with air in the air-reactor according to reaction (5).

Coal — Volatile matter + Char D
Char + H,O — H, + CO 2
Char + CO, —» 2 CO 3
H,, CO, Volatile matter + n Me,Oy — CO; + H,0 + n Me,Oy.4 4)
Me,Oy.1 + % O; — MexOy (5)

To find suitable oxygen-carriers is a key factor for the development of the CLC technology.
An oxygen-carrier should have, during many cycles, high selectivity towards CO, and H0,
enough oxygen transport capacity, high reactivity in reduction and oxidation, mechanical
resistance, low attrition rate and show no agglomeration problems. For the use of CLC with
solid fuels, since part of the oxygen-carrier is expected to be removed mixed with fuel ashes,
it would be desirable that the oxygen-carrier was environmentally friendly and of low cost.
Therefore natural minerals [17, 19], industrial residues [20, 21] or synthetic carriers made
with low-cost raw materials [22,23] are of great interest, being ilmenite an appropriate
material, as it has shown to be suitable for its use in CLC with solid fuels [8-11]. limenite is a
relatively cheap and abundantly occurring mineral mainly consisting of FeTiOs.

In previous CLC experiments with solid fuels performed to date, full oxidation of the outlet
fuel-reactor stream could not be achieved [8-17]. Furthermore, the extent of unburt gases was
similar as if a highly Ni-based oxygen-carrier was used [14-16]. Therefore, in order to oxidize
completely unburnt compounds to CO, and H,O and enhance combustion, an oxygen
polishing step downstream was proposed, that is, injection of pure oxygen to the gas flow
after the fuel-reactor cyclone [8,9], with the corresponding oxygen demand.

The gasification process has been identified as the controlling step in this process [24-27].

Leion et al. [28] saw in a batch fluidized-bed reactor with various bituminous coals and
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petcoke that the oxygen-carrier enhances the gasification rate of coal because the presence of
oxygen-carrier particles reduces the fraction of H, in the bed, which has an inhibitory effect
on the gasification. This fact has been observed as much for steam gasification as for CO,
gasification using different oxygen-carrier materials, for solid fuels such as bituminous coals
o lignites [27-30]. Char gasification is usually a slow process and the solids stream exiting
from the fuel-reactor could contain some unconverted char together with the oxygen-carrier
[12,13]. Thus, total CO, capture efficiency cannot be reached when using solid fuels if there
is by-pass of non-gasified char particles to the air-reactor. The use of a carbon separation
system, for instance a carbon stripper, has been proposed to carry out the separation of char
from the oxygen-carrier and later to be re-introduced to the fuel-reactor, thus reducing the
amount of carbon transferred from the fuel- to the air-reactor [18]. Berguerand et al. designed
and built a 10 kW, CLC plant that included a carbon stripper [9].

Char conversion was seen to be related to the reactivity of solid fuel particles [28], being the
nature of the oxygen-carrier of lower relevance [25]. TGA tests done with a synthetic Cu-
based oxygen-carrier and a sub-bituminous coal, wood and a low-density polyethylene as
fuels showed the feasibility of using solid fuels with higher reactivity, that is, higher volatile
matter, for this technology [18]. Linderholm et al. [31] studied the fuel conversion in a batch
fluidized bed reactor for five fuels using ilmenite as oxygen-carrier and found that in all cases
the fuel conversions were promoted with the temperature, with an increase from 1.6 to 3.2
times when the temperature raised from 970 to 1030°C. They also found that three bituminous
coals had similar char conversion rates, and it was much slower for a petroleum coke,
followed by a metallurgical coke. Dennis et al. also found differences in the conversion of
char, depending on the type of fuel when lignite or bituminous coals were used as fuels

[29,30].
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As for continuous operation, Berguerand and Lyngfelt [8-11] used a 10 kW, chemical-
looping combustor with ilmenite as oxygen-carrier and South African coal and petroleum
coke as solid fuels. They analyzed the combustion process focusing on char conversion and
the conversion of gases from steam gasification (CO and H,) was analyzed. A CO, capture
within the range 65-82% was obtained for South African coal as fuel at 900-950°C. The
incomplete gas conversion resulted into the presence of unconverted gases in the fuel-reactor
outlet stream (CO, H, and CH,) that demanded 29-30% of the total oxygen needed to fully
burn coal to H,O and CO,. They analyzed mainly the temperature as one of the main process
parameters affecting the system performance, being higher efficiencies reached at high
temperatures. Temperatures above 1000 °C were tested in some cases [10], for which oxygen
demands of 27-36% were found, where 5-9% corresponded to the oxygen demand for char
combustion. Average carbon capture efficiencies of 80% were obtained in all the
experimental works at high temperatures with petcoke, which is a fuel with low volatile
content.

Biomass as solid fuel was evaluated by Shen et al. [32] in a continuous 10 kWy, CLC
combustor using an oxygen-carrier prepared from iron oxide and CO, as gasification medium.
Gu et al. [33] also proved the feasibility of using CLC for both biomass and a biomass/coal
mixture as solid fuels in a continuous 1 kW, CLC facility and using an Australian iron ore as
oxygen carrier. They found that the difference in the carbon capture efficiency between the
biomass and the biomass/coal mixture, was caused by the combustible carbonaceous gases in
the fuel reactor. It was 98% above 800°C for biomass and 93-98% at 900-985°C for the
biomass/coal mixture. The blend of biomass with coal was proposed as an effective measure
to reduce the potential negative influence of the alkali metals of biomass ash on the

performance of oxygen-carriers.
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In this work the feasibility of the iG-CLC process for different types of solid fuels using
ilmenite as oxygen-carrier was evaluated in a continuous CLC unit. Fuels ranging from lignite
to anthracite were used. The effect of the coal rank on the process performance was assessed.
The temperature as one of the main parameters of influence was analyzed for all the fuels
tested. The feasibility of using H,O:CO, mixtures as gasification agent with each type of fuel
was also studied. The effect of the main process parameters on char conversion and
combustion efficiency was analyzed. Special attention was put on the combustion of the
volatile matter of the different fuels, since to date no research has been done on the

combustion of devolatilization products.

2. Experimental section

2.1. Bed material and fuel

IiImenite has been one of the most used materials for combustion of coal in iG-CLC [8-13,34].
The bed material in this study was a Norwegian ilmenite with particle size of +150-300 um.
IImenite is a common mineral found in metamorphic and igneous rocks. The ilmenite used is
a concentrate from a natural ore. Fe,O3 and Fe,TiOs are the active phases that behave as the
oxygen-carrier. llmenite undergoes an activation process which was deeply studied in
previous works [35,36]. The batch of ilmenite used in these experiments which had a particle
size of +150-300 um was previously used in continuous tests using Colombian coal as fuel
and it was fully activated [12,13]. Thereby, ilmenite particles showed constant reactivity
during experimental tests. Table 1 shows the main physical and chemical properties of as
received fresh ilmenite and the ilmenite used in these experiments, which was already
activated. The procedure to obtain the physic-chemical characteristics has been described

previously [12].
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Table 1. Main properties of fresh and activated ilmenite particles.

Fresh ilmenite Activated ilmenite
XRD phases FeTiOs, Fe,03, TiO,  Fe,TiOs, Fe,03, TiO,
Crushing strength (N) 2.4 2.0
Oxygen transport capacity(%) 4.0 3.9
True density (kg/m®) 4580 4200
Porosity (%) 0 18
BET Surface (m?/g) 0.6 0.4

The oxygen transport capacity, which is the mass fraction of oxygen that can be used in the
oxygen transfer, was measured to be 3.9% for this CLC process with solid fuels. Note that the
oxygen transport capacity and crushing strength barely changed after a total of 98 hours of
operation. In this process the oxidized species Fe,TiOs and Fe,O3 transfer oxygen by getting
reduced to FeTiO3; and Fe3O,4, respectively. The ilmenite used was composed by 11.7%
Fe,03, 53.2% Fe, TiOs and 29.5% TiO,.

A range of coals with different rank was used as fuels: a Spanish anthracite, a Spanish lignite
and two bituminous coals from Colombia and South Africa. Following the ASTM
characterization, South African coal is a medium volatile (MV) bituminous coal, whereas
Colombian coal is a high volatile (HV) bituminous coal. The coal particle size for all coals
tested was +200-300 um. Ultimate and proximate analyses and low heating values of the used
coals are gathered in Table 2. The high volatile bituminous Colombian coal used had been
subjected to a thermal treatment at 180°C that eliminated the swelling properties seen in this
fuel. Due to this pre-treatment the coal gets somewhat pre-oxidized, which can lead to some

reactivity change of the fuel [12].
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Table 2. Proximate and ultimate analysis and low heating value, LHV, of coals used in this

work.
HV Bit. MV Bit.
Lignite Anthracite

Colombian  S.African
Moisture,%wit. 12.5 2.3 4.2 1
Volatile matter,%wt. 28.7 33 25.5 7.6
Fixed carbon,%wt. 33.6 55.9 56 59.9
Ash,%wt. 25.2 8.8 14.3 31.5
LHV,kJ/kg 16250 21900 26435 21880
C,%wt. 45.4 65.8 69.3 60.7
H,%wt. 2.5 3.3 35 2
N,%wt. 0.5 1.6 2 0.9
S,%wt. 5.2 0.6 1 1.3
O,%wt. 8.6 17.6 5.7 2.4

2.2. ICB-CSIC-s1 facility for CLC with solid fuels

A schematic view of the plant is shown in Fig. 2. The set-up was basically composed of two
interconnected fluidized-bed reactors joined by a loop seal, a riser for solids transport from
the air-reactor to the fuel-reactor, a cyclone and a solids valve to control the flow rate of
solids fed to the fuel-reactor. This design allowed the measure and the control of the solid
circulation flow rate between both reactors. The total ilmenite inventory in the system was 3.5
kg and the solids inventory in the fuel-reactor was 0.8 kg ilmenite. This facility has been used

in continuous operation in previous studies with El Cerrejon bituminous Colombian coal as

fuel [12,13].
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Fig. 2. Schematic diagram of the ICB-CSIC-s1 facility for coal-fuelled CLC.

The fuel-reactor consisted of a bubbling fluidized bed with 5 cm of inner diameter and 20 cm
bed height. The fluidizing gas was composed of H,O:CO, mixtures, which acts also as
gasifying agent. The gasification agent flow was 190 Ly/h. Coal is fed by a screw feeder
placed just above the fuel-reactor distributor plate in order to maximize the time that the fuel
and volatile matter are in contact with the bed material. The screw feeder has two steps: the
first one with variable speed to control the coal flow rate, and the second has high rotating
velocity to avoid coal pyrolysis inside the screw. A small N, flow of 18 Ly/h is fed at the
beginning of the screw-feeder to avoid possible volatile reverse flow or entrance of steam. In
the fuel-reactor the oxygen-carrier is reduced by the volatile matter and gasification products
of coal. Reduced oxygen-carrier particles overflowed into the air-reactor through a U-shaped
fluidized bed loop seal with an inner diameter of 50 mm. The loop-seal was fluidized with 90
Ln/h of N2. Thus, gas mixing between fuel- and air-reactors was avoided. The oxidation of the

carrier took place in the air-reactor, consisting of a bubbling fluidized bed with 8 cm of inner

10
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diameter and 10 cm bed height, and followed by a riser of 3 cm inner diameter. The gas flows
introduced in the air-reactor were 2100 Ly/h as primary air and 400 Ly/h of secondary air at
the top of the bubbling bed to help particle entrainment. N, and unreacted O, left the air-
reactor and went through a high-efficiency cyclone and a filter before the stack. The oxidized
solid particles recovered by the cyclone were sent to a solids reservoir, which acts as a loop
seal, setting the oxygen-carrier ready to start a new cycle. The regenerated oxygen-carrier
particles returned to the fuel-reactor by gravity from the solids reservoir through a solids
valve which controlled the flow rates of solids entering the fuel-reactor. A diverting solids
valve located below the cyclone allowed the measurement of the solids flow rates at any time.
Because of its small size, the system is not auto-thermal and is heated up with various ovens
to get independent temperature control of the air-reactor, fuel-reactor, and fuel-reactor
freeboard. During operation, temperatures in the bed and freeboard of the fuel-reactor, air-
reactor bed and riser were monitored as well as the pressure drops in important locations of
the system, such as the fuel-reactor bed, the air-reactor bed and the loop seal.

CH,, CO and CO, concentrations in the fuel-reactor stream were continuously measured by
nondispersive infrared (NDIR) analyzers (Maihak S710/UNOR, Siemens Ultramat/Oxymat 6)
and H, concentration by a thermal conductivity detector (Maihak S710/THERMOR). CO,
CO, and O, concentrations in the fuel-reactor were determined by a combined NDIR-
paramagnetic analyzer (Siemens Ultramat/Oxymat 6). All data were collected by means of a
data logger connected to a computer.

In some selected experiments, GC analysis of the outgoing fuel-reactor gases was done to
measure possible hydrocarbons, and possible tar formation was also measured following the
tar protocol [37].

Table 3 shows the conditions for the series of experiments carried out. During all the

experiments, the temperature in the air-reactor was kept at around 930°C and in the fuel-

11
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reactor freeboard at about 900°C. The fuel-reactor temperature was varied within the range
860-930 °C. Most experiments were done with steam as fluidization agent in the fuel-reactor,
and H,0:CO, mixtures were also used as fluidization agents in a series of tests. The gas
velocity in the fuel-reactor was 0.12 m/s at 900°C, which corresponded to around 5 times the
minimum fluidization velocity of the particles. However, a previous study showed that the
effect of the gasification agent flow was negligible for ratios steam to fixed carbon over 1
[13]. The gas velocity in the air-reactor was 0.1 m/s and the velocity in the air-reactor riser
was 4.3 m/s at a temperature of 900 °C. The average solids circulation flow was 3.0 kg/h for
all fuels tested. At least every condition was maintained stable during 30 minutes. Coal was
fed for 13 hours using lignite, 7 hours using bituminous South African coal and 11 hours
using anthracite. In total, 44 hours of continuous operation of hot conditions were carried out.
An experiment previously performed with Colombian bituminous coal “El Cerrejon” which
was done with similar solids residence time and solids inventory is also included. A deeper

study on “El Cerrejon” coal as fuel used in iG-CLC can be found elsewhere [12,13].

Table 3. Conditions for the series of experiments with variation of the fuel-reactor
temperature and variation of the gasification agent type (H,0:CO, mixtures) with the different
types of coals tested, i.e, lignite, bituminous South African coal and anthracite. The conditions

of a previous test done with Colombian bituminous coal is also included [13].

Effect of the temperature

Coaltype  TeroC Coal feed, Gasif.agent Gasification Thermal

g/h FixedC  mixture,%H,0 output, Wy,
Lignite 870-920 100 3.0 100 450
MVBIt  g50.915 79 2.3 100 580
S.African
Anthracite 870-930 94 1.8 100 570
12
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HV Bit.
Colombian

890 83 2.2 100 505

Effect of the gasification mixture H,O:CO,

Coaltype  TerC Coal feed, Gasif.agent Gasification Thermal

g/h FixedC  mixture,%H,0 output, Wy,
Lignite 920 100 3.0 100:60:0 450
MVBIt. g9 79 2.3 100:58:0 580
S.African
Anthracite 925 94 1.8 100:48:0 570

To do a more complete study on the gasification rates for the different coals under well
defined conditions, the char conversions reached with time were measured by TGA at 950°C.
The samples were heated up to the desired temperature in N, and when the volatiles had been
released and the weight of the sample was stable, the remaining char was gasified with steam

with a 50%H,0+50%N, mixture.

3. Data evaluation

The evaluation of the fuel-reactor performance is carried out by the analysis of two main
parameters: the carbon capture efficiency and the combustion efficiency in the fuel-reactor.
The purpose of the data evaluation is to assess the performance of the process in the different
experiments, using the measured values of the gas concentrations, temperature and solid
circulation rates. The absence of a carbon separation system facilitates the interpretation of
the effect of the operational conditions on the results obtained, as the solids mean residence
time can be easily calculated in this facility. Otherwise, the presence of a carbon separation
system would increase the mean residence time of char particles to an unknown value.

As it was seen in previous experiments [12], there is some elutriation of char in this facility

with coal. Thus, the sum of carbon measured in the gases coming from the fuel-reactor and

13
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the air-reactor is less than the carbon in the coal feeding flow. However, in case of an
industrial plant the possible elutriated char will be collected by a cyclone and reintroduced in
the fuel-reactor. The total effective carbon introduced in the facility for particle size of +200-
300um was 89% for lignite, 94% for Colombian coal, 77% for South African and 87% for
anthracite. All calculations and analyses in this study are made considering only the effective
char, that is, the introduced char that had not been elutriated from the fuel-reactor. Thus, the
balance to carbon atoms was done by considering the carbon exiting the fuel-reactor as gases
(CO,, CO and CH,) and the carbon in char exiting together with ilmenite. In the last case,
carbon will be burnt in the air-reactor and detected as CO..

The efficiencies that indicate the performance of the process are defined as follows. The
carbon capture is the physical removal of carbon dioxide that would otherwise be emitted into
the atmosphere. Getting high carbon capture during energy generation is the motivation of
this technology. The carbon capture efficiency, ncc, is here defined as the fraction of the

carbon introduced that is converted to gas in the fuel-reactor.

[FCOZ,FR +FCO,FR +FCH4,FR ]out -[FCOZ,FR ]in

Nee =

(6)

[Feozr *Feorr +Fomarr *Foozar Jou [Feozer In
Fcozrr, Fcrarr and Feorr being the flows in the fuel-reactor of CO,, CH4, and CO. The
carbon of the unreacted char flowing towards the air-reactor is the CO, gas flow in the air-
reactor, Fcoz ar. The gaseous flows are calculated by a balance of the N, flows introduced in
the system. Previous fluidization measurement and tests showed that about 65% of this N,
flow goes to the fuel-reactor and the rest goes to the air-reactor. For the experiments using
CO as fluidization agent, the inlet CO, flow must be subtracted. The carbon captured in the
system is the carbon contained in the volatiles plus the carbon in the char that is gasified.

Thus, the carbon capture efficiency depends on the fraction of char that has been gasified.
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To do a deeper study of the carbon capture behavior, the gasification step should be assessed.
The conversion of carbon in char, Xchar, is defined as the fraction of carbon in the effective
char fed to the fuel-reactor which is gasified and thus released to the fuel-reactor outgoing gas

stream:

X _ [FCOZ,FR +FCO,FR +FCH4,FR -FC,VOI ]Out -[FCOZ,FR ]in _ FC,char eff -FCOZ,AR
char — (7)

[Fcoz,FR +FCO,FR +FCH4,FR +FC02,AR 'Fc,vol ]out '[Fcoz,FR ]in Fc,char eff

The gasified char in the fuel-reactor was calculated as difference between the carbon in gases
in the fuel-reactor outgoing flow, and the carbon flow coming from the volatile matter. The
carbon content in the volatiles is directly calculated using the ultimate and proximate analysis
of coal. Fccharerr 1S the carbon in the effective char flow introduced in the CLC system.

An approximation to the char gasification rates can be obtained, if a simplified model is used.
The fuel-reactor is considered to follow a continuous stirred-tank reactor (CSTR) model. The
char is assumed to be in perfect mixing with the solids in the fuel-reactor and to react at a rate
(-rc) which is proportional to the mass. With these considerations, (-rc) is calculated from a
carbon balance in the fuel-reactor:

chare ‘M
,char eff C (8)

char,FR

X F
1 dmchar Ik — (_rc): char ' C

(Te) = dt m

char
being Mc the carbon molar weight and meparer the mass of carbon in char in the fuel-reactor,
which can be calculated with the mass of ilmenite in the fuel-reactor mjm rr, and the solids

circulation rate Fij:

mchar,FR _ I:COZ,AR
m .. F ©)

ilm

ilm,FR

Besides, the mean residence time of ilmenite, tyiim, is calculated by Eq. (10).

ilm,FR

m,ilm =
E

ilm

(10)
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The combustion efficiency in the fuel-reactor, necomb rr, IS @ measure of gas conversion in the
fuel-reactor. It is defined as the fraction of the oxygen demanded by the volatile matter and
gasification products that is supplied by the oxygen-carrier in the fuel-reactor. It depends on
the reaction rate of ilmenite with the gaseous fuels and on the amount of the reducing gases
released by coal in the fuel-reactor. The combustion efficiency was calculated as:

_ [0'5' FHZO,FR +FCOZ,FR +0.5- FCO,FR ]out '[0-5‘ FHZO,FR +Fcoz,FR +0.5- Ocoal,eff ]in
HeombEr = (11)

OZ demand coal eff — FCOZ,AR

Ocoaleff IS the flow of oxygen contained in the effective coal introduced. Oz gemand coateff OF the
oxygen demand of the effective coal flow is the oxygen flow needed to fully burn the fuel.
The oxygen demand, Qr, has been also used as an adequate parameter to evaluate the
performance of the whole combustion process. It is defined as the fraction of oxygen lacking
to achieve a complete combustion to CO, and H,O of the fuel-reactor product gas in
comparison to the oxygen demand of the effective introduced coal. It is the only fraction of
oxygen required in the iG-CLC process to reach full combustion of the fuel that must be
supplied in a subsequent polishing step as pure O,.

O 2: FCH4,FR +0.5- FHZ,FR +0.5- FCO,FR

_ ~2demand gases FR __
Q,= = (12)

O 02 demand coal,eff

2 demand coal eff
The rate of oxygen transferred by ilmenite, (-ro), is a measure of how much and how fast
oxygen is transferred from ilmenite to the fuel. (-ro) is calculated as the increased flow of
oxygen in the oxygen-containing gases (CO, CO; and H,0), divided by the ilmenite hold-up:

([O-S'FHzo,FR +FC02,FR +0-5'Fco,FR ]out '[O-S'FHzo,FR +FC02,FR +0'5'Ocoal,eff ]in )'Mo2
m

(-15) = (13)

ilm,FR

4. Results and discussion
The feasibility of using the CLC technology with different fuels was tested, and influence of

the type of fuel on the continuous performance was determined. In the literature it was found
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that the temperature in the fuel-reactor is one of the parameters with most influence on coal
conversion [10,12,16] because of its effect on the gasification rate. Indeed, the gasification
step has high influence on the performance of this process [24-27]. In this work an evaluation
of the iG-CLC process performance with different coals was made for increasing fuel-reactor
temperature. Also different H,O:CO, mixtures as gasification agent for all fuels were tested.
Previous experiments done to evaluate the influence of different operational parameters
showed that in this process to operate at lower recirculation rates led to an increase in the char
conversion and to an enhancement of the system performance [12] because of an increase in
the residence times of solids in the fuel-reactor. Therefore, the recirculation rates in all these
experiments were set at low values. In these conditions, the resulting oxygen-carrier to fuel
ratio for all fuels tested was about 1.0-1.1. The oxygen-carrier to fuel ratio is a measure of
how much oxygen can be supplied by the circulating oxygen-carrier compared to the oxygen
needed to burn the fuel fed in. In stoichiometric conditions this ratio is equal to one.

As representative of the gas distributions obtained in this study, the evolution with time of the
gas concentrations from the fuel-reactor is shown in Fig. 3 for the experiments using
anthracite as fuel with increasing fuel-reactor temperature, Ter. The initial period before
introducing coal and the transitory period until the steady state was reached are also
represented. Concentrations in fuel-reactor are in dry basis. Steady state after changing the
temperature was fast reached and all the points were therefore evaluated at stable conditions.
Similar behavior of the transient period was observed when the type of gasifying gas was
changed. The CLC prototype was easy to operate and control with all kinds of fuels, and the
steady state for each operating condition was maintained for at least 30 min. Thus, the
feasibility of using coals of different rank in an in-situ gasification CLC system was proven
with this study. The performance of the system according to the characteristics of each fuel is

later assessed.
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The outlet of the fuel-reactor was mainly composed of oxidized CO,, and H, and CO and
some CH, as not fully oxidized products of char gasification and volatile matter. Gas
chromatography analyses and tars measurements showed that there were neither hydrocarbons
heavier than CH,4 nor tars in the fuel-reactor outlet flow. Thus, these species were converted in
the fuel-reactor. The char that was not gasified in the fuel-reactor entered into the air-reactor
and was there burnt with a consequent CO; release. The CO, concentration in the air-reactor is

also shown in Fig. 3.
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Fig. 3. Evolution with time of the gas concentrations from the fuel-reactor and CO, from the
air-reactor for the experiments using anthracite as fuel with increasing fuel-reactor

temperature, Tgg.

4.1. Effect of the temperature on the iG-CLC performance
Continuous tests were done at different temperatures with each fuel. In this section, results
obtained with Spanish lignite within the temperature interval 870-920°C, with MV bituminous

South African coal within the temperature interval 850-915°C and a third series of
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experiments with Spanish anthracite within the temperature interval 870-930°C were done.
The coal feeding flows, average temperatures and solids circulation flow rates used are
gathered in Table 3. In all cases steam was used as gasification agent.

Fig. 4 shows the concentrations of CO,, CO, H, and CHjy in the fuel-reactor outlet for the
series of experiments performed at different temperatures and for the fuels tested in this work,
that is, Spanish lignite, MV bituminous South African coal and Spanish anthracite. The
concentrations are given in dry and N free basis. CO, comes mainly from the oxidation of the
products of gasification and devolatilization. In case of anthracite, the fraction of CH4 in the
fuel-reactor outlet is low because this fuel has low fraction of volatiles. The fraction of CH,4
for South African coal is higher as this fuel has higher fraction of volatile matter. For lignite
the CO, fraction is quite high compared to the other gases, which indicates that the
combustion efficiency with this fuel will be high. As for the effect of the temperature, the
trends are the same for all the fuels tested: both gasification and oxidation reactions are
promoted with the temperature. Thus the generated CO, flow and therefore CO, fraction

increases with the temperature, whereas the H,, CO and CH, fractions decrease.
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Fig. 4. CO,, CO, H; and CH,4 concentrations in the fuel-reactor (dry and free N, basis) at
different fuel-reactor temperatures with lignite, MV bituminous South African coal and

anthracite. -e— CO,, & CO, -O— H, and -5 CHa,.

One experiment done at 890°C with HV bituminous Colombian coal is here also considered.
The results with Colombian coal are comparable with the values of this study, as it has similar
values of inventory and residence time. With this coal the relative gaseous fractions at 890°C
were CHy: 3.6%, Hy: 11.4%, CO: 13.3%, and CO;: 71.6%. That is, CH, in the product gas
was lower and H, and CO concentrations were higher than the corresponding for the MV
bituminous South African coal. CO, H, and CH,4 were higher compared to the distributions
obtained for lignite and anthracite. It is necessary to indicate that this coal was previously pre-
oxidized to eliminate its agglomeration trend. This process modifies its composition and
reactivity of the used coal.

4.1.1. Carbon capture and char gasification

Fig. 5 shows the carbon capture obtained for different temperatures for the coals tested. As
well, at similar experimental conditions the value obtained for HV bituminous Colombian
coal in a previous study is shown. ncc was dependent on coal rank because of the gasification
reactivity of the coal chars. Lignite reached the highest values of ncc, followed by HV
bituminous Colombian, MV bituminous South African coal and it was lower for anthracite.
Note that this facility has no carbon separation system and higher values could be obtained in
a unit if a carbon separation system was incorporated. A theoretical approach supports this
statement [38]. Nevertheless, the results obtained in this facility are valuable to evaluate the

performance of the iG-CLC technology with different types of coals.
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Fig. 5. Carbon capture efficiency variation with the fuel-reactor temperature for -5 lignite,
—=- HV bituminous Colombian coal, -&~ MV bituminous South African coal, -O—

anthracite. Coal particle size: +200-300 pm.

Since the carbon from the volatiles exits with the fuel-reactor outlet stream, that fraction of
carbon is always captured. Thus, the carbon capture depends on the char conversion and on
the ratio between the flow of carbon in the volatile matter, Fc o and flow of carbon in the
introduced char, Fc char eff:

Xchar'FC,char eff + I:C,vol (14)

Tlec =
I:C,char eff + I:C,vol

That is, the char conversion attained and the different content of volatiles in the fuels, or more
precisely, the ratio Fcyo/Fccharerr OF the coal considered, determine the carbon capture
achieved. Only the effective carbon fed is considered in the analysis. Thus, the char elutriated
is not taken into account because it is not really involved in the process. The average
Fcvoll Fc char eff ratios were 0.57 for lignite, 0.35 for Colombian bituminous coal, 0.43 for South
African bituminous coal and 0.01 for anthracite.

Fig. 6 represents the char conversions reached at different temperatures for the coals studied.

The comparable result for HV bituminous Colombian coal is also shown. Lignite had much
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higher char conversion than the rest. The char conversion obtained for the other coals are
closer, indicating that they have more similar gasification rates, but lower that the gasification
rate of lignite [25,28-31].

Both char conversions and carbon capture for anthracite were similar because the volatile
matter fraction is low, whereas for the other coals the values of carbon capture were higher
than values of X¢nar. HV bituminous Colombian and MV bituminous South African coal have

similar Fc ol Fc char eff Fatios and char conversions reached, so their increase in ncc compared

to Xcnar 1S Similar. Nevertheless, for lignite Xchar and nec are similar.
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Fig. 6. Char conversion variation with the fuel-reactor temperature for —— lignite, =5 HV
bituminous Colombian coal, -4~ MV bituminous South African coal, -O— anthracite. Coal

particle size: +200-300 um.

The mean residence time of char particles in the fuel-reactor is a key factor affecting the char
conversion [13]. The mean residence time of ilmenite gives an idea of the time that char had
to gasify. The resulting mean residence times of ilmenite were 15.5 minutes for lignite, 15.0
minutes for MV bituminous South African coal and 16.6 minutes for anthracite. For the

experiment done with HV bituminous Colombian coal it was 14.5 minutes. That is, all
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experiments with different coals had similar mean residence time of solids. The char
conversion reached for anthracite was somewhat lower, which indicates that the gasification
rate of anthracite is lower than the rest.

Fig. 7 shows the char conversion rates calculated for all the coals tested at different
temperatures, calculated with Eq. 8. As it could be anticipated from the resulting char
conversions, at all temperatures anthracite has the lowest char conversion rate, both
bituminous coals have similar (-r¢), although for HV Colombian is higher, and lignite shows
much higher conversion rates compared to the rest. As an example, at 900°C, (-rc) was
31.0%/min for lignite, 4.5%/min for HV bituminous Colombian coal, 3.1%/min for MV
bituminous South African coal, 2.2%/min for anthracite. This is also in line with the trend

expected from the rank of the coals tested [39].
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Fig. 7. Rates of char conversion at different fuel-reactor temperatures for —<5— lignite, =
HV bituminous Colombian coal, -4~ MV bituminous South African coal, —O— anthracite.

Coal particle size: +200-300 pm.

Additional tests in TGA were done to evaluate the conversion of char under well-defined

conditions. Fig. 8 shows the variation of char conversion with time reached at 950°C in TGA
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for the coals used in this study. As it would be expected from the coal ranks, char from lignite
has the fastest gasification rate, followed by bituminous Colombian coal char, then
bituminous South African coal char and char from anthracite has the slowest gasification rate.
In case of the bituminous Colombian coal, the experiments were done with a thermal pre-
treated coal instead of fresh, in order to avoid the swelling properties showed by this coal.
This resulting char was somewhat more reactive compared to fresh coal, as it can be seen in

Fig. 8. However, this enhancement in the gasification rate was not substantial.
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Fig. 8. Char conversion vs. time using a mixture 50%H,0+50%N as gasification agent done
in TGA of char from —— lignite, - pretreated and fresh HV bituminous Colombian

coal, - MV bituminous South African coal and anthracite at 950°C.

Note that the values of char conversion rate obtained in continuous testing are lower than the
values obtained in batch fluidized bed experiments [27] or from the above TGA tests. That is
because for the continuous tests the supposition that there is perfect mixing was made and the
char mass in the fuel-reactor considered is probably higher than the real value due to some
char segregation at the upper part of the bed. Furthermore, for the calculation of (-rc) in the

continuous tests no inhibition effect is considered.
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From these results, it can be concluded that the gasification rates follow the order expected
from the rank of the different coals: it is faster for lignite, then HV bituminous coal, MV
bituminous coal and it is slower for anthracite.

4.1.2. Combustion efficiency and oxygen demand

The fuel-reactor combustion efficiency, neoms rr, indicates the extent of conversion of the
gases released in the fuel-reactor, that is, the devolatilization and gasification products, due to
the oxidation by ilmenite. Fig. 9 shows mcmp rr for all fuels tested at the different
temperatures. For all the fuels tested, the combustion efficiencies obtained grow slightly with
the temperature because the reaction rate of ilmenite increases with the temperature. The
temperature influences the neomp rr OF all types of coals in a similar way as the slopes of the
curves are similar. The activation energy of the reaction of CH, with ilmenite is higher than
with H, and CO [40], and a coal with high volatile content could be slightly more influenced
by the temperature, but the differences are not relevant.

For all the temperatures tested, ncomp rr Was higher for anthracite, followed by lignite and MV
bituminous South African coal. The test with HV bituminous Colombian coal gave a value of
Neomb Fr Slightly higher than with MV bituminous South African coal. In previous experiments
it was seen that the released volatiles have worse contact with the oxygen-carrier particles and
are therefore less converted. On the contrary, gasification products are highly oxidized [12].
This explains the higher neomb rr fOr anthracite, since the volatile fraction is lower. Lignite has
higher fraction of volatile matter compared to South African coal, which could indicate lower
Neomb FrR TOr lignite. However, the resulting ncomp rr fOr lignite was slightly higher because the
relative fraction of gasification products compared to volatiles was higher due to the fast char
gasification rate of lignite. To reach high values of combustion efficiency, it is necessary to

have enough solids inventory in the fuel-reactor [38]. The solids inventories used were 1770
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kg/MWy, for lignite, 1580 kg/MWy, for Colombian coal, 1380 kg/MWy, for South African

coal and 1400 kg/MWy, for anthracite.
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Fig. 9. Fuel-reactor combustion efficiency variation with the fuel-reactor temperature for -
lignite, -5— HV bituminous Colombian coal, -&— MV bituminous South African coal, -O—

anthracite. Coal particle size: +200-300 pm.

From previous experiments with a HV bituminous Colombian coal, it was concluded that the
unconverted H,, CO and CHjy in the fuel-reactor outlet come from unconverted volatile matter
due to its poorer contact with the oxygen-carrier particles, whereas gasification products
reached full oxidation. If complete combustion of the gasification products is assumed, a

combustion efficiency of the volatile matter, ncomb voi, Can be calculated, as for Eq. (15).

2 FCH4,FR+ 0.5 FHZ,FR+ 0.5- FCO,FR
O -0

2 demand gases FR __

(15)

ncomb vol =

2 demand volatiles 2 demand coal 2 demand char

This parameter can give an idea of how much the volatiles of each type of fuel are oxidized
since they have poorer contact with the oxygen-carrier bed [12]. As it can be seen in Fig. 10,
the volatile matter of each type of fuel reached different combustion efficiency: it was lower

for anthracite and higher for lignite and very similar for both bituminous coals. This could be
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explained by means of the composition of volatiles of each type of fuel: the oxygen demanded
by the volatiles of anthracite is higher than for lignite, then for South African and then for
bituminous Colombian coal. The lower combustion efficiency of volatiles from anthracite
could be also explained because volatiles from this coal are more refractory against
combustion. Since this combustion efficiency seems to depend mainly on the contact between
the released volatile matter and oxygen-carrier bed and the composition of these gases, it did
not show any remarkable trend with the temperature. The average of combustion efficiency of
volatiles was around 52% for lignite, 61% for HV bituminous Colombian coal, 58% for MV

bituminous South African coal, 42% for anthracite.
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Fig. 10. Combustion efficiency of volatile matter at several fuel-reactor temperatures for -
lignite, = HV bituminous Colombian coal, —-&— MV bituminous South African coal, -O—

anthracite. Coal particle size: +200-300 pum.

The additional oxygen that would be needed to fully oxidize the outlet gas stream compared
to the total oxygen demanded by the fuel fed is the oxygen demand, Qr. It represents an extra
cost for the process, since an oxygen polishing step would be necessary to fulfill this demand.

Fig. 11 shows the oxygen demand of all fuels tested at different temperatures, which turned
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out to be quite low: it was below 10% in all cases. As mentioned, the oxygen demand is
caused by unconverted volatiles at the fuel-reactor outlet. The slight decrease of the oxygen
demand with the temperature is explained because the oxidation reactions are promoted with
the temperature. Q1 was especially low for anthracite, as it was around 3.5%, because the
volatile fraction in this fuel is low. Bituminous coals have the higher volatile fraction and

thereby higher oxygen demand.
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Fig. 11. Oxygen demand variation with the fuel-reactor temperature for - lignite, -8- HV
bituminous Colombian coal, -&— MV bituminous South African coal, -O— anthracite. Coal

particle size: +200-300 pm.

Fig. 12 shows the rate of oxygen transferred by ilmenite, (-ro), for all the fuels tested with
increasing temperature. It can be seen that more oxygen was transferred to oxidize the
volatiles and the gasification products for increasing temperature for all fuels tested. The
transfer of oxygen is limited by the extent of char gasification and the contact of the volatile
matter with the oxygen-carrier. Nevertheless, the intrinsic reactivity of ilmenite particles is

higher than the values showed in Fig. 12 [40]. Thus, the reaction rate of ilmenite increases
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with the temperature, but the resulting increased oxygen transfer was mainly because char
was further gasified at higher temperatures and there were more gasification products which
were oxidized. The rate of oxygen transferred in case of lignite was higher because lignite
char was further gasified compared to char from other coals and there was therefore higher
amount of gases released that could react with ilmenite. The rate of oxygen transferred for
anthracite was lower because its volatiles content is low and lower amount of gasification
products were released due to its slower gasification rate. The oxygen transferred for both
bituminous coals were similar due to the similar char conversions and combustion efficiencies

reached.
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Fig. 12. Oxygen transfer rate variation with the fuel-reactor temperature for -5 lignite, -=5-
HV bituminous Colombian coal, —-&— MV bituminous South African coal, -O— anthracite.

Coal particle size: +200-300 pm.

4.2. Effect of the gasification agent type
Since the rate of gasification of the fuel in this process is a determining factor, the effect of
using a gas mixture of CO, and H,O on the gasification step and the whole performance of

the process with all the fuels considered was evaluated. The motivation of using H,O-CO,
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mixtures as fluidizing gas is that CO, can be fed by recirculating a fraction of the product gas
stream. Thus, the steam requirements for the gasification would be decreased in some
extension, or even avoided if a pure stream of CO, was used as fluidizing gas. The coal
feeding flows used for the different solid fuels tested, as well as the corresponding average
temperatures and solids circulation flow rates are gathered in Table 3. The gasification agent
tested for the different fuels were composed by pure steam, pure CO, and a CO,:H,0 mixture
around 50:50.

4.2.1. Carbon capture and char gasification

Fig. 13 shows the carbon capture and char conversion obtained for the experiments done with
different H,O0:CO, mixtures as gasification agent. For all fuels tested, the extension of char
gasified and carbon capture decrease for higher CO, fraction in the gasification flow. That is
because for all the fuels here used the gasification rate is faster with steam than with CO..
Note that there are some fuels whose gasification rate with CO, is fast enough so that it is
feasible to use CO, as gasification agent [25,29,30]. The decrease in the reached char
conversion and ncc when gasifying with higher fraction of CO, compared to using pure steam
is less pronounced for lignite and higher for anthracite. That is because the char gasification
rate with CO, is closer to the corresponding rate with steam in case of lignite, and the
decrease in the gasification rate is higher in case of anthracite.

When using iG-CLC with some fuels it can be beneficial to use recirculated CO; as fluidizing
agent in the fuel-reactor, as it is the case of lignite. For other fuels to have some CO,
recirculation can be interesting, as it can be the case of MV bituminous South African coal,
which agrees with the results obtained with this fuel in a batch fluidized bed reactor [27].
Similar results were found for HV bituminous Colombian coal [12].

In the experiments with different H,O:CO, mixtures with anthracite the fuel-reactor

temperature was about 925 °C and with mean solids residence time of 16.6 minutes, whereas
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with bituminous South African coal they were 910 °C and 15.0 minutes, respectively. This
explains that, although char gasification rate with steam is higher for South African coal, the
in Fig. 13 represented Xcnar With anthracite and bituminous coal had similar values with CO,
or H,O:CO, mixtures, or even slightly lower for bituminous coal in case of gasifying with
steam. On the other hand, the implementation of an efficient carbon separation system that
increased the char residence time would offset any possible disadvantage caused by the

slower gasification rate with CO..
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Fig. 13. a) Carbon capture efficiency and b) Char conversion variation for different H,0:CO,
mixtures as gasification agent for —©— lignite, -4~ MV bituminous South African coal, -O—

anthracite. Coal particle size: +200-300 um. Conditions of experiments: see Table 3.

4.2.2. Combustion efficiency and oxygen demand

Fig. 14 shows the resulting fuel-reactor combustion efficiencies and oxygen demands for the
experiments done with different H,O:CO, mixtures as gasification agent. It can be seen that
both the fuel-reactor combustion efficiency and oxygen demand are scarcely influenced by
the composition of the gasification agent. When gasifying with higher fraction of CO, only

CO is produced, whereas when gasifying with H,O, H; is also generated. Although ilmenite
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reacts faster with H, than with CO, the reaction rate of ilmenite is fast enough and the
resulting neomb Fr OF Q1 have no substantial change if the gasification products are enriched in
H, or CO. As it was calculated by Abad et al. [40], an inventory of 189 kg/MW4, would be
enough to fully oxidize the generated CO at 900°C, and for H; the inventory needed would be
even lower: 66 kg/MWy,. However, in these experiments the solids inventories about 1500
kg/MWy, are used. As the poor contact between volatiles and oxygen-carrier particles is the
reason for incomplete combustion even with high solids inventory, the effect of the reactivity

of the gas, i.e., H, or CO, is of low relevance.
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Fig. 14. Fuel-reactor combustion efficiency (filled symbols) and oxygen demand (void
symbols) variation for different H,O:CO, mixtures as gasification agent for - lignite, —&—
MV bituminous South African coal, —-O— anthracite. Coal particle size: +200-300 pm.

Conditions of experiments: see Table 3.
5. Conclusions

The feasibility of using different types of solid fuels with the in-situ gasification CLC and the

variations in the performance of the process was assessed in a CLC rig for solid fuels when
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the fuel-reactor temperature or the fluidizing gas were changed. The oxygen-carrier utilized
was ilmenite and a lignite, a high volatile bituminous coal, a medium volatile bituminous coal
and a anthracite were used as solid fuels. The study in this rig is based on the fuel-reactor
performance and the results related to its operation were obtained. The effect on the
performance of the characteristics of each fuel was evaluated.

An increase in the temperature has a beneficial effect on the system performance for all types
of solid fuels. The carbon capture reached is higher for the solid fuels with faster char
gasification rates and also when the volatile content in the fuel is higher. High values of
carbon capture, even higher than 90%, can be obtained, but it is essential to have a highly
efficient carbon separation system that reintroduced unconverted char particles back to the
fuel-reactor, especially in case of solid fuels with slow gasification rates such as anthracites.
Carbon capture as high as 93% at 920°C was obtained even without a carbon separation
system with lignite, which has a fast char gasification rate.

The combustion efficiency is higher for higher solids inventory and for solid fuels with lower
volatile content and for coals with faster gasification rate. The combustion efficiency in the
fuel-reactor was seen not to be limited by the reaction rate of ilmenite but it is limited by the
low conversion of volatile matter. The combustion efficiency of the volatiles seems to depend
on the composition of the released volatiles of each type of fuel. The average of combustion
efficiency of volatiles was around 52% for lignite, 61% for HV bituminous Colombian coal,
58% for MV bituminous South African coal, 42% for anthracite. Furthermore, in all cases
oxygen demands lower than 10% were found, and for anthracite the oxygen demand values
were 3.5% because of the lower volatile content of this fuel.

Depending on the type of fuel, some of the steam used as gasification agent can be replaced
by CO, recirculated from the outlet fuel-reactor flow, getting similar system performance and

thereby saving energy derived from steam generation. In case of lignite, there is no change in
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the process performance when gasifying with CO,. On the other hand, for anthracite the lower
gasification rate of char with CO; leads to a substantial drop in the performance.
The results show that this technology has the potential to be used to carry out combustion

with inherent CO, separation using highly reactive solid fuels.
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Nomenclature

Fc chareff Carbon flow in the effective char fed (mol/s)

Fcoz ar carbon flow from the char that goes to the air-reactor (mol/s)
Fc vor carbon flow coming from the volatile matter fed (mol/s)

Firr flow in the fuel-reactor of the corresponding gas i (mol/s)

Fim solids circulation rate (kg/s)

k constant value of the char gasification rate (s™)

Mc carbon molar weight (kg/mol)

Mechar ;R Mass of char in the fuel-reactor (kg)

mMiimrr Tuel-reactor bed mass or solid hold-up in the fuel-reactor (kg)

M,, oxygen molecular weight (kg/mol)

Ocoaleff flow of oxygen contained in the effective coal introduced (moles O/s)
O3 demand coal eff 0Xygen demand of the effective coal fed (moles O,/s)

(-rc) char gasification rate (s™)

(-ro) rate of oxygen transferred by the oxygen-carrier (kg O,/s kg OC)

Trr temperature in the fuel-reactor (°C)
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tm,char Mean residence time of char (s)

tm.im Mean residence time of ilmenite (s)

Nce carbon capture efficiency

Ncomb Fr TUel-reactor combustion efficiency

Neomb vol COMbustion efficiency of the volatile matter
Xechar Char conversion

Qr total oxygen demand
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