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Power-to-Gas (PtG) represents one of the most promising energy storage technologies. PtG converts
electricity surplus into synthetic natural gas by combining water electrolysis and CO2 methanation. This
technology valorises captured CO2 to produce a ‘carbon neutral’ natural gas, while allowing temporal
displacement of renewable energy. PtG-Oxycombustion hybridization is proposed to integrate mass and
energy ﬂows of the global system. Oxygen, comburent under oxy-fuel combustion, is commonly produced in an air separation unit. This unit can be replaced by an electrolyser which by-produces O2
reducing the electrical consumption and the energy penalty of the carbon separation process. The aim of
this work is to present the design, construction and testing of a methanation reactor at laboratory scale to
increase the knowledge of the key component of this system. Experimental data are used to validate the
theoretical kinetic model at different operating temperatures implemented in Aspen Plus. CO2 conversions about 60e80% are found for catalyst temperature between 350 and 550  C. These values agree well
with expected theoretical conversions from the kinetic model.
© 2021 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND
license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
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1. Introduction
Lately, the interest in the promotion of renewables sources to
decarbonize the current energy system has strongly increased to
mitigate the effects of climate change. As agreed in the United
Nations Climate Change Conference in 2015, CO2 atmospheric
concentration must be kept below 450 ppm by the year 2100 in
order to limit the global temperature increase below 2  C
(compared to pre-industrial levels) [1]. According to the International Energy Agency, such mitigation target relies on decarbonizing electricity generation and industry [2]. For this reason, the
European policy framework for the period 2020e2030 promotes
the increase of the share of renewable energy in the electricity
sector to 45% by 2030 (so far, a 30.8% share has been reached [3]),
while considers carbon capture as the only feasible option to reduce
industrial emissions at the required large scale [4]. Furthermore,
the “EU Reference Scenario 2016. Energy, transport and GHG emissions. Trends to 2050” quantiﬁes the contribution of renewable net
electricity generation to 56% by 2050 [5].
However, the massive penetration of renewable energy sources
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in the energy mix implies large quantities of intermittent energy
production in the electricity market. The management of this
intermittency (especially in future scenarios) has brought to light
the necessity of deploying energy storage systems. Thus, matching
energy production and demand becomes a critical challenge for
future energy systems. Current energy storage technologies present
disadvantages when applied at large scale, such as low energy
density and/or limited storage potential. One promising technology
to overcome these limitations is the use of Power to Fuels technologies which store excess energy as synthetic fuel that can be
used in a future period [6]. The most common synthetic fuel is
hydrogen. Electricity is fed to an electrolyser that dissociates water
and produces the storable hydrogen. The main barriers to make this
process feasible are the high investment costs, the required modiﬁcations in infrastructures and the relatively low round-trip efﬁciency [7].
New alternative fuels produced from hydrogen and carbon dioxide have been proposed to widen the application of hydrogen as
energy vector and limit these drawbacks. Methane has stood out in
the last years as the main option for Power to Gas (PtG) [8]. This
concept uses the stored hydrogen to produce methane via the
methanation of CO2 (CO2þ4H2 4 CH4þ2H2O, DH0298 ¼
165 kJ=mol).
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Greek symbols
parameter, 1/atm
CO2 conversion to CH4
thermal conductivity, W/m$K
dynamic viscosity, kg/m$s
kinematic viscosity, m2/s
density, m3/kg

Nomenclature

Symbols
cP
d
EA
k
k0
Keq
L
m_
n
P
Pr
Q
Re
r
R
T
y

a
hCH4
l
m
n
r

speciﬁc heat at constant pressure, J/kg$K
diameter, m
activation energy, kJ/mol
rate constant, mol/s$gcat
pre-exponential factor, mol/s$gcat
equilibrium constant, 1/atm2
tube length, m
mass ﬂow, kg/h
parameter,
pressure, atm
Prandtl number,
Heat transfer, W
Reynolds number,
conversion rate, mol/s$gcat
ideal gas constant, kJ/K$mol
temperature, K
mass fraction

Subscripts
act
air
bed
eq
ext
int
p
reac
ref
sur

and superscripts
activation
cooling air
bed
equilibrium
external
internal
particle
reaction
refrigeration
wall surface (reactor; inner annulus)

electrical consumption of the ASU may be reduced [9] and no extra
energy penalty is associated to the separation of CO2 from ﬂue gas.
Besides, the exothermal heat from methanation can be directly
integrated as a useful thermal output of the system or integrated in
the thermal power cycle to increase the generation of electricity
[12].
The core of the process is the methanation reaction. Although
some experimental facilities of biological methanation exist [7,8],
catalytic methanation in several stage is the preferred via. Catalytic
methanation uses active materials like nickel, ruthenium, or cobalt
to promote the Sabatier reaction. It is favoured by high pressures
and low temperatures, although it can operate between 250  C and
750  C, and at pressures between 1 and 100 bar [8]. The main
drawbacks are the low tolerance against the presence of impurities
in the CO2 source and the limited ﬂexibility to manage temperature
ﬂuctuations caused by load variations [7,8]. Several types of reactors have been proposed in literature to implement the process:
adiabatic ﬁxed-bed, cooled ﬁxed-bed, structured reactor, ﬂuidized
bed reactor, and three-phase reactor [7,15]. The simplest one is the
adiabatic ﬁxed-bed reactor where inlet gases react passing through
ﬁxed catalyst layers located inside the reactor. Since high temperature and the presence of steam inhibit the process, from 2 to 5
reactors in series (with intermediate cooling/condensation or
recycling loops) are needed to reach CH4 concentrations above 90%
vol. The large amount of energy released inside the reactor also
produces hot-spots that can damage the catalyst, and limits the
operability under load ﬂuctuations. Others types of reactor with
signiﬁcant performance advantages present a more complex design
and ﬁrst laboratory test rigs are more focused on avoiding problems
than increase the conversion efﬁciency. The experimental reactor is
a ﬁxed bed, plug reactor analogous to Refs. [16,17] but the catalyst is
dispersed throughout the reactor with quartz wool. In the future,
depending on heat transfer limitations, other types of methanation
reactor could be tested as heat pipes [18] or micro-channel reactors
[19].
A Ru-based catalyst 0.5% wt in 3 mm particles supported with
alumina has been used. This catalyst is similar to those used in
Ref. [20] with different diameters (100, 800 and 2300 mm vs pellets)
Other types of catalyst have been also considered in literature with
good results, up to 75% CO2 conversion using an isothermal plug-

Power to Gas connects electric and gas networks. This connection allows the storage of renewable electricity surplus and its later
utilization to satisfy backup or end-use demand. At the same time, a
carbon source is needed for the methanation. Carbon capture
technology is required to supply CO2 for the reaction. This concept
may avoid the necessity of carbon storage as CO2 is valorised for
methane production. The resulting methane can be directly
consumed by end-users (industry, households, buildings and
transport) distributed through the existing gas network, to displace
fossil fuels in those applications where the introduction of other
renewable energy sources is challenging.
Nevertheless, the high capital cost is still a strong barrier for
Power to Gas deployment and the concept is not proﬁtable yet. This
unsolved problem was the motivation to propose the concept of
Power to Gas-Oxyfuel combustion hybridization (Fig. 1) to better
integrate energy and mass ﬂows [9,10]. Some works have investigated the application of this proposal [11] with biomass as fuel [10],
in power plants as energy storage [12] or the combination with
solid oxide electrolysis [13]. The beneﬁts of this combination have
also been theoretically demonstrated [14]. In oxy-fuel combustion,
a mixture of pure oxygen and recycled ﬂue gas (mainly CO2 and
H2O) is the comburent. The electrolyser in the PtG facility which byproduces O2 may replace the air separation unit (ASU). Thus, the

Fig. 1. Conceptual scheme of Power to Gas-Oxyfuel combustion technology.
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been used to perform the calculations on heat transfer to size the
mass ﬂow of air required in the cooling system.
2.1.1. Reaction kinetics
The kinetic model chosen for the simulation was published by
Falbo et al. [30]. This model was developed for the same commercial catalyst used in our plant (0.5 wt% Ru/Al2O3, Aldrich 206,199
CAS ¼ 1344e28e1, MDL ¼ MFCD00011207). They modiﬁed the
model proposed by Lunde et al. [31] by explicitly accounting for the
dependence of the partial pressure of water [30].
The conversion rate of CO2 is given by Eq. (1),

rCO2 ¼
Fig. 2. Model of the methanation plant in Aspen Plus (air mass ﬂowrate is calculated in
EES).

!
k
½P
n ½PH2O 2n
$ ½PCO2 n ½PH2 4n  CH4
;
n

1 þ a$½PH2O 
Keq ðTÞ

(1)

where ½Pi  is the partial pressure of component i, the parameter
a ¼ 0.91 atm1 gives the dependence on the water partial pressure,
the coefﬁcient n is adjusted to 0.152 according to experiments, and
the dependence of the equilibrium constant with temperature is
correlated by Eq. (2).

ﬂow reactor with Ni [21,22]. Also others Ni-compounds (based on
Mn, Ce, Zr, Mg, K, Zn, V) have been studied. Results show that the
combination of NieV/Al catalyst with Al2O3 as support performs
the highest CO methanation activity due to the largest Ni sites [23].
Different studies have proven the optimum ratio Mn/Ni between
some of the metal elements, as [24] for Mn/Ni about 0.25, and also
in other combinations with Ni þ Ce [25]. Most of these catalysts,
and also Ni3Fe [26] or Ni/Al [27], were supported in Al2O3 but lately
some researchers have started to look for alternative supports as
zeolites synthesized from waste ﬂy ashes from the energy sector
[28].
The aim of this work is to characterize experimental SNG production under different temperatures with a single reactor with no
gas recirculation, operating at 1 bar and 300-400  C, in plug ﬂow
with non-diluted mixtures H2/CH4, using as Ru-based catalyst
dispersed throughout the reactor with quartz wool. The objective is
to obtain data to validate the simulation work developed to study
the integration of PtG-Oxycombustion in different applications. As
reactor temperatures are assumed to vary along the axis affecting
the conversion rate, the next stage would be to perform an optimization similar to Ref. [29] where axial temperatures would be
controlled to avoid kinetic and/or thermodynamic limitations, and
maximize the conversion rate in the reactor.
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Keq ðTÞ ¼exp

(2)
The rate constant, k, follows the Arrhenius equation, Eq. (3),



E
k ¼ k0 $exp  A ;
R$T

(3)

where the pre-exponential factor k0 is 95.43 mol/s$gcat, and the
activation energy EA is 75.3 kJ/mol.
In order to implement this kinetic model in Aspen Plus, the
generalized Langmuir-Hinshelwood-Hougen-Watson (LHHW)
model type is selected. The reacting phase is set in ‘Vapor’ under a
weight rate basis (‘Cat (wt)’). The kinetic expression must be placed
as Eq. (4),

r¼

2. Methodology

½Kinetic factor$½Driving force
;
½Adsorption

(4)

where the [Kinetic factor], the [Driving force expression] and the
[Adsorption expression] follows Eq. (5), Eq. (6) and Eq. (7),
respectively. In these equations, the corresponding terms of Eq. (1)
are included for clariﬁcation purposes.

Both, simulation and experimental tasks have been developed
in this study. The modelling of the methanation plant in Aspen Plus
was used to size the lab-scale plant during the design of the facility.
A heat transfer model was also developed to estimate the cooling
air mass ﬂow and the temperature at different points of the reactor.
The kinetic model of the methanation process was also implemented to be validated through experimental results obtained in
the lab-scale plant. This section details both models and describes
the resultant experimental lab facility.





E
E
¼ k0 $exp  A ;
½Kinetic factor ≡ k $ T n $ exp 
R$T
R$T

½Driving force ≡ k1

N
N
Y
Y
b
Ciai  k2
Cj j ¼ ½PCO2 n ½PH2 4n
i¼1

n



2.1. Methanation plant modelling

j¼1

2n

½PCH4  ½PH2O 
n ;

Keq ðTÞ
2

Aspen Plus software has been used to model the methanation
plant assuming isothermal and steady state operation in the reactor
(Fig. 2). The developed simulations use the RKSMHV2 property
method provided by Aspen Plus. This package is based on the
Redlich-Kwong-Soave equation-of-state and modiﬁed Huron-Vidal
mixing rules, which are valid for the tested temperatures and
pressures. Moreover, the EES (Engineering Equation Solver) has

(5)

½Adsorption ≡ 4

M
X
i¼1

(6)
0

13m
N
Y
n
j
ki @
Cj A5 ¼ 1 þ a$½PH2O ;

(7)

j¼1

The concentration Ci is expressed in a partial pressure basis in
Aspen Plus, so its units in Eq. (6) and Eq. (7) are [N/m2]. Conversion
of units must be performed in the driving force’s terms to adapt the
3
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model of Falbo et al. (e.g., k1 is not 1 in Eq. (6), despite what might
be inferred from direct comparison with the corresponding term of
Eq. (1)). Besides, the temperature-dependent expression of ki that
appear in Eq. (6) and Eq. (7) must be placed in the form of Eq. (8).

 
B
ki ¼ expðAi Þ$exp i $T Ci $expðDi $ TÞ
T

for i ¼ 1; 2;

m¼

X
i

(8)

l¼

X
i

The parameters adapted to the Aspen Plus equations are gathered in Table 1.
The results from Aspen Plus are compared with experimental
results of Falbo et al. [30] in Fig. 3, in order to check that the kinetic
model was properly implemented. In the experiments of Falbo et al.
a tubular ﬁxed-bed reactor was used, with 23 cm in length and
1.1 cm in diameter. The amount of catalyst used was 0.375 g, diluted
with a-Al2O3 at 1 to 1 volumetric dilution. The Aspen Plus model
has been validated for the range 250e410  C, 1e7 bar and GHSV
between 3.75 and 10.00 l (STP)/h/gcat.

(9)

y ,l
P i i
k yk ,Fik

(10)

"

qﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ qﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
1 þ mi=m , 4 Mk=M
i
k
sﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
Fik ¼

ﬃ

#2
;

Mi : molar mass

(11)

8, 1 þ Mi=M

k

The Prandtl number and kinematic viscosity are calculated from
the involved mean properties of the inlet-outlet gas mixtures
previously obtained, as n ¼ m=r and Pr ¼ cP ,m=l.
The heat transfer model includes the calculation of three convection heat transfer coefﬁcients: cooling air e surface of the
reactor, surface of the reactor e gas mixture and gas mixture e
catalyst particles. The thermal resistance associated to the stainless
steel wall of the reactor is negligible. For the calculation of the
convection coefﬁcient of the cooling air ﬂow in the annular duct,
the outer wall of the annulus is assumed adiabatic and the inner
wall is considered isothermal [33]. The air properties are calculated
at bulk temperature of the ﬂuid. Regarding the inner convection
coefﬁcient, the Hausen correlation is applied as laminar ﬂow, given
the small occupancy ratio inside the reactor. The ﬂuid properties
are calculated at bulk temperature as mean value of that obtained
for the gas mixture at inlet and outlet of the reactor. The entry
region effects are considered in both cases. The properties evaluated at the ﬁlm temperature were used in the correlation for
external ﬂow past a sphere is used, as well as in the correlation for
the heat transfer between particles and gas mixture. According to
that, the cooling air mass ﬂow and the mean temperatures of air
(To,air), reactor wall surface (Tsur) and catalyst particles (Tp) are
estimated.

2.1.2. Cooling sizing model
Sizing of air cooling system has been carried out through a 1D
thermal model, considering radial symmetry and constant variables in axial direction. Therefore, surface temperature, as well as
heat transfer coefﬁcients, are considered to be constant along the
heat exchange surface. The cooling air is supplied from a compressed air line, assumed to be at 3.5 bar and 23  C, while the
reactor is considered isothermal under steady state operation.
Properties of gas mixture at inlet and outlet of the reactor are
calculated from the molar fractions of CO2, CO, H2O and CH4. It
should be noted that these molar fractions at the outlet of the
reactor corresponds to the maximum theoretical conversion achieved at the pressure and temperature considered.
The speciﬁc heat and density of each gas mixture are calculated
P
P
from the mass fractions (yi ) as cP ¼ yi ,cP;i and r ¼
yi , ri . For
i

y ,m
P i i
k yk ,Fik

i

the calculation of the dynamic viscosity, the Wilke mixing rule can
be applied at low pressures (Eq. (9) and Eq. (11)), while for thermal
conductivity the equivalent rule of Wassiljeva, Mason, and Saxena
is applicable (Eq. (10) and Eq. (11)) [32].

Table 1
Implementation of the kinetic model in Aspen Plus (Rate basis: weight. Concentration basis: partial pressure).
Aspen Plus

Parameter

Value

Units

[Kinetic factor]
Pre-exponential factor
Temperature exponent
Activation energy
[Driving force] Term 1

K
N
E

95.43
0
75.3

kgmole/kgcat$s
e
kJ/mol

Exponent (CO2)
Exponent (H2)
Exponent (CH4)
Exponent (H2O)
Coefﬁcient in k1
Coefﬁcient in k1
Coefﬁcient in k1
Coefﬁcient in k1
[Adsorption]
Adsorption exponent
[Adsorption] Term 1
Exponent (CO2)
Exponent (H2)
Exponent (CH4)
Exponent (H2O)
Coefﬁcient in k1
Coefﬁcient in k1
Coefﬁcient in k1
Coefﬁcient in k1

[Driving force] Term 2

aCO2
aH2
aCH4
aH2O
A1
B1
C1
D1

0.152
0.608
0
0
8.75983
0
0
0

Exponent (CO2)
Exponent (H2)
Exponent (CH4)
Exponent (H2O)
Coefﬁcient in k2
Coefﬁcient in k2
Coefﬁcient in k2
Coefﬁcient in k2

M

1

e
[Adsorption] Term 2

nCO2
nH2
nCH4
nH2O

0
0
0
0
0
0
0
0

Exponent (CO2)
Exponent (H2)
Exponent (CH4)
Exponent (H2O)
Coefﬁcient in k2
Coefﬁcient in k2
Coefﬁcient in k2
Coefﬁcient in k2

A1
B1
C1
D1

4

bCO2
bH2
bCH4
bH2O
A2
B2
C2
D2

nCO2
nH2
nCH4
nH2O
A2
B2
C2
D2

0
0
0.152
0.304
10.296976
2649.3286
1.2545
4.26089$104

e
e
e
e
e
K
e
1/K

0
0
0
1
11.4317
0
0
0

e
e
e
e
e
K
e
1/K
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Fig. 3. Comparison between the Aspen Plus model (line) and Falbo et al. experiments [30] (dots).

also records the on-line measurements.
The use of bottled gases avoids undesired impurities inside the
reactor. Besides, the mass ﬂow controllers for the H2 and CO2 allow
the regulation of the mass fractions to the stoichiometric ratio. The
gas is stored at 6 bar inside the bottles, but the pressure is set in the
operating value through a pressure reducer. Hydrogen ﬂow ranges
from 335 to 1796 l/h, equivalent to 1e5 kWH2 input, while CO2 ﬂow
varies from 84 to 446 l/h.
The reactor is a “double pipe” design with parallel ﬂows (air as
cooling ﬂuid in the outer side) and equipped with two CaF2 crystal
viewports. The catalyst ﬁxed bed is located inside the tube of
L ¼ 590 mm length, dint ¼ 33.4 mm inner diameter and 4.45 mm
thickness. The cooling air ﬂows through the annular space, being
100 mm the outer diameter of the shell. The inner tube is ﬁlled with
50 g of commercial pellets of alumina impregnated with Ruthenium (0.5 wt% Ru/Al2O3, cylindrical pellets of 3.2 mm in length and
3 mm in diameter, with a weight of 0.05 g/pellet) and quartz wool.
A total of 9 thermocouples are distributed along the reactor length
(5 cm of separation), in contact with the wall of the inner tube (wall
of the tube containing the ﬁxed bed) (see Fig. 5). After methanation
stage, the resultant ﬂow is driven to a condenser to reduce the
water content as much as possible before the gas analyzer intake.
Finally, the produced gas is burnt in a butane pilot ﬂame.
The lab-scale experimental plant was operated to ﬁnd stationary
operation points which lead to stationary carbon conversions in the
reactor and constant temperatures at the thermocouples located at
different points of the facility. Carbon conversion was easily

2.2. Methanation test facility
The laboratory scale facility consists of three complementary
systems: generator of hydrogen and oxygen, methanation reactor,
and oxy-combustion chamber. The generator of hydrogen and oxygen is a PEM electrolyser (model GREENMH2 Hart 400 W 66 lN/h)
powered by photovoltaic panels. The hydrogen produced is stored
in a tank to be further mixed with CO2 to produce methane in the
methanation reactor. Moreover, an oxy-fuel burner is available to
consume this renewable methane and perform tests on combustion
processes. In this work, we only focus on the methanation test facility (description, model and results).
The laboratory methanation facility (Fig. 4) consists of a gas premixer (in these experimental tests we use bottled gases), a ceramic
heater to pre-heat the reagent mixture up to 300e400  C, a ﬁxed
bed reactor (with electrical heating and air cooling), a water
condenser and a burner to co-ﬁre the synthetic methane with
butane. For cleaning and heating purposes, the facility also includes
a N2 entry. Pressure, temperature and mass ﬂows are measured
with standard instrumentation at different points of the installation, while the gas composition is measured with a gas analyzer
before and after the methanation stage. The gas analyzer comprises
a “CALOMAT 6” model from Siemens for the measurement of the H2
content (measured by thermal conductivity), and a “ULTRAMAT 23”
model from Siemens for the measurement of CO2 and CH4 (infrared
detector). The operation parameters, in particular mass ﬂows of
reactants, are controlled by an advanced Labview system, which
5
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Fig. 4. Methanation test facility.

Fig. 5. Methanation reactor (without external insulation).

calculated with the information provided by the gas analyzer
sampling before and after methanation stage while reactor temperature was registered on-line by the K-type microthermocouples
attached to the reactor outer surface.

(stoichiometric proportion). This section includes the theoretical
results obtained from the model previously presented and the
experimental results from the lab-scale facility loaded with 50 g of
catalyst.

3. Results

3.1. Simulation results

The ﬁxed bed reactor in the methanation test facility is 400 mm
in length and 33.4 mm in diameter. The mole ﬂow of H2 is set at
54 kmol/s (i.e., 1 kWLHV) and the ﬂow of CO2 at 13.7 kmol/s

A sensitivity analysis has been performed under isothermal
operating temperature inside the reactor, at three different loads of
catalyst (50 g, 100 g and 150 g) and constant stoichiometric H2/CO2
6
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(ttest), outlet volume fractions, mass ﬂow of cooling air (m_ air ), net
refrigeration (Qref) and CO2 conversion to methane (hCH4) are also
shown.
In the simulation results presented in section 3.1, the maximum
conversion of CO2 to methane (50 g catalyst) was 83.6%, at 390  C
catalyst temperature, with a cooling requirement of 160 W corresponding to 5 kg/h of air. In our experiments, the highest conversion was achieved at test #3, #5 and #6, obtaining 79.0e79.4%
conversion, at 267e312  C wall temperature (i.e., about 367e412  C
catalyst temperature), and requiring 1.2e6.4 kg/h of air to evacuate
30e202 W. Deviations due to the real non-isothermal and nonadiabatic conditions of the reactor were expected, and yet the
experimental results seems to ﬁt well the simulation results as a
ﬁrst approach.
Regarding the whole set of experiments of Table 3 (10 steady
states for catalyst temperature between 344 and 442  C), the corresponding CO2 conversion to methane is presented in Fig. 8. Fig. 8
illustrates the CO2 conversion versus catalyst temperature (bottom
abscissa axis) and reactor wall temperature (upper abscissa axis),
comparing the equilibrium, the results of the kinetic model, and the
experimental tests.
The equilibrium for the CO2 conversion to any product (i.e., to
CH4 or CO) is depicted with a red dashed line, while the equilibrium
for the CO2 conversion to methane is depicted with a blue dashed
line. It can be seen that the appearance of CO in the system seems to
me remarkable from about 500  C catalyst temperature. The
simulated behavior provided by the kinetic model is depicted with
a solid black line. According to Falbo et al. [30], the kinetic model is
valid up to 410  C as minimum. Still, it seems to ﬁt properly well up
to about 470  C. From 470  C ahead, the kinetic model overestimated the CH4 production since the reaction rate does not
consider the CO formation (see Eq. (1)). Our experimental results
are depicted as square dots in Fig. 8, corresponding each point to
one experimental steady state from Table 3 (the reactor is considered isothermal at each test due to the low standard deviation in
the wall temperature measured). The experimental points and the
predictions from the simulation ﬁt quite well with a difference near
to 100  C between both axes. This ﬁgure is quite near to the temperature difference estimated by the heat transfer model between
particle and reactor wall under isothermal conditions. It should be
noted that experimental results ﬁt properly the kinetic model up to
470  C, and then logically follows the blue dashed line corresponding to the equilibrium of CH4 formation (instead of the
overestimation of the kinetic model).

ratio. The carbon conversion and excess heat in the reactor are
calculated and represented for different operating temperatures.
The maximum CO2 conversions are reached at 390  C, 360  C,
and 340  C isothermal operating temperatures, for catalyst loads
inside the reactor of 50 g, 100 g and 150 g, respectively (Fig. 6).
These maximum conversions achieve values of 83.6%, 87.5% and
88.9% for the three different situations of catalyst loading.
The heat to be removed from the reactor under these operating
points to maintain isothermal conditions is 0.160 kW, 0.166 kW and
0.168 kW, respectively. The cooling air mass ﬂow and the mean
temperatures of air (To,air), wall surface (Tsur) and catalyst particles
(Tp) calculated from the thermal model (see section 3.1.2) are presented in Table 2. The heat released in the reaction is assumed to be
fully transferred to the cooling air to keep isothermal conditions in
the reactor. It should be noted that there is a difference of almost
100  C between the temperature of surface of the inner tube of the
annulus (i.e., where the thermocouples are installed) and the
temperature of the particle (on which the reaction takes place).
The results of the simulation for the whole plant are presented
in Fig. 7, for the three optimized cases. The methane concentration
in the dried gas varies between 52% and 64%, as there is only one
methanation stage in the test facility. The methane content could
be increased to 95% by adding subsequent reactors (required CH4
content in the Spanish legislation for grid injection of the gas [34]).
3.2. Methanation experimental results
The mass ﬂowrate of hydrogen and carbon dioxide in these
experimental tests were 0.03 and 0.16 kg/h, respectively, preserving
a constant stoichiometric H2/CO2 ratio of methanation reaction. The
temperature of the gas mixture entering into the reactor ranged
between 225 and 245  C. The reactor was heated by electric resistances to achieve the desired operating temperature in the ﬁxed
bed. Then, the electric resistances were turn off and the cooling
system was used to reach stationary states. A total of ten stationary
operation points for 50 g catalyst load were studied. The temperature of the reactor wall varied from 244 to 442  C (measured with
the thermocouples), corresponding to catalyst temperatures of
344e442  C according to the heat transfer model (see Table 3). The
time (tact) and temperature of activation (Tact, reac) of the catalyst are
gathered in the ﬁrst two columns of Table 3. The temperature
measured in the wall surface is denoted as Tsur, and it can be
considered uniform in the reaction zone given its low standard
deviation (s(Tsur)). The time duration of the steady state operation

Fig. 6. Simulation results of the methanation test facility at different loads of catalyst: a) CO2 conversion and b) Heat to be removed from reactor vs. isothermal operating
temperature.
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Table 2
Operating conditions for simulation analysis (outlet gas composition in dry basis).
mcat (g)

Treac ( C)

Tp ( C)

Tsur ( C)

CO2 (%)

H2 (%)

CH4 (%)

m_ air
ðkg=hÞ

To,air ( C)

Q (W)

hCH4 (%)

50
100
150

390
360
340

413
372
349

325
288
265

10.2
8.6
8.0

37.7
31.2
27.8

52.1
60.2
64.2

5
9
14

136.8
88.6
65.7

160
166
168

83.6
87.5
88.9

Fig. 7. Simulation of the methanation plant at a) 50 g, b) 100 g, and c) 150 g catalyst load.

Table 3
Operating conditions of preliminary tests with 50 g catalyst load (outlet gas composition in dry basis).
Test

tact (min)

Tact,

reac

( C)

Tsur ( C)

s(Tsur)

ttest (min)

CO2 (%)

H2 (%)

CH4 (%)

m_ air (kg/h)

Qref (W)

hCH4 (%)

15
5
15
30
20
20
5
30
4
3

11.6
16.5
10.3
11.5
10.2
10.3
11.4
11.3
21.2
19.5

53.9
44.2
48.1
47.7
48.0
48.4
46.7
53.5
52.0
49.2

31.7
37.5
39.4
38.5
39.4
38.7
39.1
32.0
24.3
27.4

3.0
14.1
6.4
3.5
1.2
5.0
3.0
0.0
3.2
0.0

53
544
192
107
30
202
84
0
90
0

73.2
69.5
79.3
77.0
79.4
79.0
77.3
73.9
53.4
58.4

(%)
1
2
3
4
5
6
7
8
9
10

61
34
61
37
61
61
37
37
34
34

309
368
309
324
309
309
324
314
368
368

244
259
267
288
308
312
339
378
426
442

1.7
4.8
7.1
3.7
1.5
4.9
1.0
1.1
3.0
1.7

The improvement of the model to emulate non-isothermal
conditions in the gas mixture is under development and will be
validated with the experimental data in future works. Additionally,

a multipoint temperature sensor will be installed in the lab-scale
facility to obtain information of the real temperature at the reaction site inside the reactor.
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4. Conclusions
The concept of PtG-Oxycombustion hybridization would facilitate the deployment of PtG technologies as it makes use of the
oxygen by-produced in the electrolyzer to avoid energy penalty in
the CO2 separation process. A methanation reactor at laboratory
scale has been developed to validate the theoretical models used to
study the integration of PtG-Oxycombustion in different applications with the aim of developing this technological option.
This work has presented the detailed design of the lab-scale
system based on a single reactor with no gas recirculation, operating at 1 bar and 300-400  C. The reactor operates in plug ﬂow
with non-diluted mixtures of H2/CO2, using Ru-based catalyst
dispersed throughout the reactor with quartz wool. An air cooling
system is available to remove the large amount of heat produced
during the reaction.
Simulation results show that CO2 conversion depends on the
operating temperature in the range 300e400  C. The maximum
theoretical CO2 conversion, 83.6%, is reached at 390  C isothermal
operating temperatures for catalyst loads of 50 g. The heat to be
removed from the reactor under that condition is 0.160 kW. Since
no measure of the catalyst temperature is available, a heat transfer
analysis has been proposed to estimate this temperature, based on
the experimental measures of the temperature at the outlet wall of
reactor (differences between both temperatures in the range of
100  C were obtained). Experimental CO2 conversions in the range
60e80% were found for catalyst temperature between 350 and
550  C (i.e., reactor wall temperature between 250 and 450  C).
These values agreed well with expected theoretical conversions
from the kinetic model.
These experimental results are quite promising since the highest possible conversions for a given load of catalysts have been
achieved in the facility. It points out the suitability of the reactor
design for this scale of methane production and will allow the
performance of further experimental tests under modiﬁed operating conditions (e.g., temperature, pressure, gas composition,
presence of impurities).
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