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It has been successfully demonstrated the effect of feeding reactants in distributed manner for the reaction of
methanation of CO». This operation mode has improved not only the selectivity towards CHg, but also the overall
process performance. A fixed bed reactor, loaded with Ni-Mn based catalyst, was operated co-feeding both COy
and Hy, but alternatively feeding one of them through several lateral inlets. Preserving the same global W/Fco2
ratio, the side distribution of CO; allowed to clearly increase the activity of the process (e.g., at 375 °C, the

conversion with distributed feeding was around 35% higher than that for the conventional one: X¢o2 = 0.12 vs.
Xcoz = 0.09). Furthermore, a substantially lower selectivity towards non-desired CO was obtained at any con-
version level (e.g., Sco = 0.45 vs. Sco = 0.70, when X¢o2 = 0.10). In addition, a more homogeneous temperature
profile could be achieved in the bed without increasing the severity of hot spots appearance. On the contrary,
side distribution of Hy always led to similar or worse results than for the conventional co-feeding configuration.

1. Introduction

Along the last decades of continuous increase of greenhouse gas
emissions and progressive depletion of fossil fuels, electricity of
renewable origin (i.e., wind or sun) is making its way into the replace-
ment of fossil fuels. However, there are still important drawbacks to
overcome, like those derived from its intermittence and challenging
storage. Additionally, the integration of different renewable energy
sources, that induces a complex balance for supplying electricity to the
power grid, has become a relevant task in many regions in the world,
such as Europe [1,2].

An option for providing flexibility in this context is the power to gas
strategy (P2G). According to this set of technologies, temporary surplus
electricity could be used to produce hydrogen by electrolysis. On this
way, renewable hydrogen and carbon dioxide, also with renewable
origin (e.g., from biogas), could be converted into methane, which could
be injected into any natural gas infrastructure, including the existing
natural gas network present across the whole territory, as is the case of
Europe [3]. According to Bailera et al. [4], a large number of researchers
have revisited P2G technology in the last decade with energy storage
purposes to better integrate renewable sources in the system. Accord-
ingly, a remarkable increase in ongoing projects dealing with these
processes have started along this period.
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The reaction network for the carbon dioxide methanation process
could be described through (r.1) to (r.4) reactions:

CO, + 4H,=CH, +2H,0; AH’ = —165.1kJ/mol (r.1)
CO, + H,=CO +H,0; AH’ = +41.2kJ/mol (r.2)
CO + 3H,= CH, + H,0; AH’ = —206.3kJ /mol (r.3)
2C0=C(y +CO,; AH? = —172.5kJ/mol (r.4)

To carry out (r.1) (Sabatier reaction) at an appreciable rate, a catalyst
must be present. As described in literature, most of them are based in
one or more supported metals [5]. Particularly, nickel is the most widely
investigated one due to its low cost and availability while providing a
good catalytic activity [6-15]. Cobalt exhibits similar selectivity than
that of nickel but at a higher cost, what makes it less interesting [16,17].
Iron does not present much selectivity towards methane [18], however
its combination with Ni improves the results in terms of selectivity and
yield to CHy in the temperature range 250-350 °C [19]. Ruthenium has
been highlighted as more active than nickel for CO2 methanation, but as
drawback, it is also substantially more expensive [20-23]. The same
applies for Rhodium [24]. Catalyst support is the other essential element
to be present. It can be the key to provide high surface area and enough
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dispersion of the active sites of the catalytic species, as well as me-
chanical and thermal resistance. Alumina (Al;O3), silica (SiO3), titania
(TiOy), zirconia (ZrO5) and niobite (NbyOs) are among the most widely
used supports [25], alumina being the most frequent.

Additionally, the promoters can help to improve the performance of
methanation catalysts by enhancing the activation of CO and Hj. Even
though Ni-Mn catalysts were proposed a century ago as Fischer-Tropsch
catalysts [26], it is only recently when Mn has received attention as a
promoter for CO and CO, methanation. In fact, there are new studies
[10,27,28] evidencing the high performance of Ni based catalyst where
a cheap and abundant metal like Mn is used as support. However, some
recent studies [29] show that using supported methanation catalysts
with a high Mn/Ni ratio opens some room for side reactions (mainly the
reverse Water Gas Shift reaction, r.2) to take place. On this way, a
significantly higher selectivity to CO is obtained when high Mn pro-
portions are included in the formulation of the methanation catalyst.
Furthermore, Ni-MnOy supported on biomorphic carbon derived from
lignocellulosic biomass residues, have recently been used as catalysts for
this process [30], also presenting higher selectivities to CO at a given
CO4 conversion than those of their counterparts without Mn. Based on
this fact, and in order to gain accuracy in determining the selectivity to
undesired CO product, this type of catalysts has been considered useful
and will be adopted in this work for the experimental study.

Regarding methanation technologies, a detailed review of P2G ini-
tiatives in which CO5 methanation is carried out throughout catalytic
processes [4], reveals that the most promising alternatives are based in
fixed bed configurations. However, hot spots can appear in these cases
due to the high exothermicity of the Sabatier reaction (r.1). This fact
could favour CO and coke production, as well as catalyst deactivation by
sintering [31,32], contributing to irreversible damages in the catalyst
and by-products formation that could ruin the pursued objective of
stability and high selectivity towards methane.

Despite the intense research effort devoted to optimize catalysts for
methanation, there is still plenty room for improvement in selectivity
and stability of this process through the application of reactor engi-
neering strategies. To minimize hot spots, several reactor configurations
are being under study in our lab as suitable substitutes of the traditional
fixed bed reactor. Among them, fluidized bed reactors (FLBR) ensure a
uniform temperature profile [19]. According to thermodynamic equi-
libria, temperatures above 400 °C will favor the generation of CO as a
by-product (by reverse Water Gas Shift reaction -rWGS-, r.2), which
could compete with CO5 and react with Hy (reverse Methane Steam
Reforming, r.3 -rMSR-). CO generation might also promote deactivation
of the catalyst by coking (by Boudouard reaction, r.4). With the aim of
minimizing these adverse effects, two alternative reactor configurations
have been studied: conventional fixed bed reactor and polytropic (i.e.,
distributed feed) fixed bed reactor. The parameters selected for com-
parison purposes have been the temperature profiles along the bed and
performance in terms of CO, conversion, selectivity to CH4 and stability
of the process.

Sabatier reaction (r.1) could be considered as a series—parallel com-
bination of both (r.2) and (r.3) hydrogenation reactions, where there is a
successive attack of a compound (CO3) by a reactive material (Hy) [33].
According with reactor engineering theory, contact type greatly in-
fluences the distribution of products. No matter what kind of reactor
system is selected, when the fractional conversion of CO5 is low, the
fractional yield of the intermediate product CO is high. Nevertheless, CO
selectivity would be higher when CO, stream is fed in a plug-flow mode
and H» in a mixed flow mode.

The purpose of this research piece is to experimentally analyze the
effect of different feeding configurations of the reactor, with the aim of
maximizing selectivities towards CHy4 (i.e., minimize selectivities to CO),
and optimistically also CH4 yields, as well as trying to avoid thermal
gradients generated by the exothermicity of the methanation process
along the reactor. The concept of the polytropic-feed reactor (i.e., a fixed
bed reactor with several side gas inlets), has already been used in our
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research group several decades ago in the lean distribution of oxygen in
methane oxidative coupling reaction for maintaining a low partial
pressure of oxygen along the bed minimizing combustion of methane
[34], and in the regeneration of coked catalysts [35], thus reducing hot
spots and the consequent sintering of the catalyst.

2. Experimental
2.1. Catalyst

Catalyst was nominally prepared as 5 %"' Ni over manganese (III)
oxide. It was produced by co-precipitation of both Ni and Mn nitrates
using urea. The method was adapted from the one of Wei et al. [36].
Suitable proportions of the salts, urea, and distilled water [2.61 g of Ni
(NO3)2, 35.4 g of Mn(NOg3)s, 16.0 g of urea, and 150 mL of HyO] were
vigorously mixed at 80 °C for 3 h until completely dissolved; then, the
solution was sonicated for 30 min. The solid obtained was dried over-
night at 100 °C, and later on calcined at 600 °C for 3 h, using a heating
ramp of 3 °C/min. Finally, it was crushed and sieved to a particle
diameter between 100 and 160 um. To demonstrate its correct prepa-
ration, it was subjected to a routine set of characterization techniques
including XRD, BET, XRF and SEM.

2.2. Reaction setup

The solid bed was constituted by 0.25 g of catalyst 5%"* Ni-MnOy
diluted in 10.25 g of Al;03 (SASOL Puralox SCCa-150/200) (inert) by
mechanical mixture, resulting in a 12 cm high packed bed supported by
a porous plate made in quartz (pore size minor or equal to 90 pm). Prior
to methanation, the catalyst was activated at 500 °C and atmospheric
pressure using hydrogen (0.5 bar) diluted in inert gas (Ar), with the aim
of obtaining more reduced nickel species, considered as the active sites
for the reaction.

Reactants were fed at 1 bar by means of mass flow controllers (Alicat
Scientific) using always the stoichiometric molar ratio (r.1) Hy:COy =
4:1. Reactive gases constituted 90 %" of the total flow (0.9 bar), with Ar
(0.05 bar) being used as inert and N3 (0.05 bar) as internal standard.
Total gas flow rate was always 250 STP mL-min~* for which negligible
external and internal diffusional constraints were verified by previous
methanation experiments with different catalyst particle sizes and
feeding flow rates.

The experiments were carried out in a fixed bed vertical reactor
made of quartz (inner diameter 1.3 cm) with three equidistant side
feeding points located along the axial dimension of the bed (accounting
from the distribution plate up at 3 cm, 6 cm, and 9 cm - hs: hg: hg -) and
an upper (main) feed (at 12 cm - hj, -). Also at these points, up to 5
thermocouples (1, 3, 6, 9 and 12 cm from the support quartz plate) were
located. Fig. 1 shows a sketch of the several inlets and outlet of the
reactor, as well as the thermocouple arrangement.

In the conventional configuration, both reactants Hy and CO5, were
fully fed from the top of the bed, as it is usually done in the works
described in literature. However, in the configurations with distributed
feeding, hereafter referred to as ‘polytropic’ ones, one reactant (Hj or
CO2), was always fed only through the main (upper) feed, while the
second one was distributed homogeneously (i.e., with equal flow rates)
or heterogeneously (i.e., with different flow rates) through the side in-
lets. This work only presents the results obtained for homogeneous
distribution experiments. In them, each feed consisted in one fourth of
the total flow, as it is presented in Fig. 1, for both ‘Poly-Hy' and ‘Poly-
CO<’ configurations. The statistical significance of the differences be-
tween the experimental results of each feeding configuration was veri-
fied by experiments replication.

Heat was supplied by an electric oven. Temperature was measured
by five “K type” thermocouples located along the bed inside a central
quartz rod, with the purpose of analyzing temperature profiles in the
bed. Thus, up to five temperatures (T72, To, Ts, T3 and T;) were
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. Poly-H,
Conventional
Poly-CO,

Fig. 1. Reactor sketch showing the position of thermocouples and the distri-
bution of feed streams by configuration (Conventional, Poly-H, and Poly-COy).

registered over time. In addition, the intermediate thermocouple (T)
was used to control the oven power supply (controller Eurotherm 3216).
Exhausted gases were analyzed by gas micro-chromatography (Agilent
490 Micro GC). The carbon balance closures of the experiments carried
out always had values over 99.0%.

Several experimental series were always carried out, each one with a
new batch of fresh catalyst. Typical series consisted of the following set
of experiments:

e (i) a dynamic experiment using one of the three aforementioned
feeding configurations and varying temperatures along the time on
stream (TOS). Temperature was set from 400 to 250 °C (down step),
in intervals of 25 °C (45 min TOS at each temperature, except 60 min
at 400 °C for stabilization purposes),

e (ii) a long-lasting isothermal experiment (for 240 min at 400 °C)
maintaining same configuration as in experiment (i), and

e (iii) and (iv) two isothermal experiments (60 min TOS at 400 °C) at
the remaining two configurations.

The only difference between these series was the sequential order in
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which each experiment (i, ii, iii, and iv) was implemented. Prior to each
experiment, catalyst was reduced using a gas stream of Hy (0.5 bar)
diluted in Ar (500 °C for 2 h) with the same total flow rate as that used in
the reaction.

3. Results and discussion
3.1. Catalyst characterization

Surface area for fresh catalyst samples (i.e., before reaction), was
21.1 + 0.1 m%/g according to BET measurements. Ni and Mn atomic
metal contents obtained by XRF were 4.6%"" and 70.1%"" respectively
for fresh catalysts, and 4.3%"" and 67.1%"" respectively for reduced
catalysts before the reaction step. Apparently, both metals exhibited an
oxidation state of + 2 (i.e., NiO and MnO species) after the reduction
step under hydrogen atmosphere at 500 °C. Higher temperatures,
around 700 °C, would have been required [28] to fully reduce the nickel
oxide, so that metallic Ni and NiO could actually be coexisting in the
activated catalysts.

Fig. 2a shows the obtained X-ray diffractograms for both fresh and
activated catalysts. MnyOs is the only manganese phase observed for
fresh catalysts, while it seems to be completely reduced to MnO in the
activated sample. Peaks corresponding to nickel could not be observed
in these XRD measurements, what is attributed to a small proportion,
low crystallinity and/or small size of its structures on the catalyst sur-
face. Finally, according to the SEM observation, the catalyst has a
granular structure with an average grain size of around 1 um. A repre-
sentative photograph of the catalyst can be seen in Fig. 2b. Red and
green points represent Mn and Ni EDX mapping values, respectively,
showing dispersed Ni and Mn particles over the entire surface and
letting appreciate the homogeneity of their distribution. Their quanti-
fication gives a Ni/(Ni + Mn) ratio of 0.057 %"t, which matches with the
nominal value.

3.2. Dynamic experiments (T-Dynamic). Methanation at different
temperatures.

Fig. 3 shows both CO, and H; conversions for three series, each of
them with different feeding configuration (conventional, H; distributed,
and CO; distributed feeds). The average repeatability error in terms of
reagent conversion results can be considered less than 5%. This value
was estimated from the replica (not shown) of a series of 44 experi-
mental data homogeneously distributed in the temperature range
250-400 °C. Conversion (X¢o2) has been defined in a traditional way as
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Fig. 2. XRD diffractograms for fresh and reduced catalyst (a), and a representative SEM-EDX photograph from a fresh catalyst sample (b).
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Fig. 3. Effect of temperature on conversion of reactants as a function of the feeding configuration in the fixed bed reactor. a) Conventional feeding, b) Side dis-
tribution of CO, (Poly-CO,), and c) Side distribution of Hy (Poly-H>). Solid symbols: CO, conversion; hollow symbols: H, conversion. Horizontal lines only for vi-

sual guidance.

in (eq.1). Similarly, (eq.2) presents the way in which CO selectivity (Sco)
has been calculated throughout the text.

in_ fou
co, —Jco,
Xeor =5+ (@)
co,
‘out
__Jeo
Sco = 7o v (2)
CHy TJ co

where f,{ denotes the molar flow of “k” species entering (j = in) or
leaving (j = out) the reactor.

4. Stability

Even though there is a previous reduction of the catalyst, and a
certain period of stabilization of its oxidation state might be necessary,
the values of conversion reveal a nearly stable behavior throughout the
time-on-stream at 400 °C. This is especially true when lateral side
feeding of carbon dioxide is used (i.e., ‘Poly-CO;’ configuration).
Moreover, for the rest of temperatures subsequently adopted in the bed,
there is a clear stable fashion along their respective 45 min periods. This
behavior was seen along the experiments without any deactivation
indication.

5. Selectivity

Despite a stoichiometric Hy:CO, molar ratio of 4:1 being always fed
to the reactor, CO presents conversion values above those offered by Hy
even for low temperatures. This points out that Sabatier reaction (r. 1)
characterized by the adopted 4:1 ratio is not the only reaction present.

Reverse WGS (r.2) with a 1:1 M ratio could help to accommodate these
results. Thus, the higher the contribution of rWGS to the global process,
the lower is the hydrogen conversion with respect to the one of carbon
dioxide and, consequently, the higher the selectivity to carbon monox-
ide in the exhaust gases. No other gaseous by-products apart from CO
were detected under the conditions tested. Detection limit for CO in pGC
is in the range of 50 ppm.

6. Activity

Regarding the level of activity exposed by the system, actual con-
versions were always far away from the predicted equilibrium. Equi-
librium conversions were never achieved, not even at the highest
temperature tested (400 °C). This can be attributed to the relatively
short range of reactor space-times used in this work, implying that the
reaction process is under kinetic control. Therefore, as it could be ex-
pected, an increase in the reaction temperature results in greater kinetics
and consequently in higher conversions.

Nevertheless, it is worth mentioning that the experimental values of
CO9 and H; conversion are clearly higher when the reactor was operated
under the ‘Poly-COy’ configuration (Fig. 3). Bearing in mind the distri-
bution of gas streams in each feeding configuration (see Fig. 1), only
when hydrogen is side distributed (Poly-Hj) it is expected a clear in-
crease in the space-time value respecting the one foreseeable in the
conventional configuration. The corresponding space-time value for
‘Poly-CO2’ configuration must be only slightly higher than the one for
conventional configuration. However, from Fig. 3, the results of con-
version for conventional configuration at a given temperature (e.g., at
375 °C Xco2 = 8.8 and Xys = 5.9) get worse when working with
configuration ‘Poly-Hy' (e.g., at 375 °C X¢o2 = 7.4 and Xyz = 4.7) and
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they are greatly improved when working with the ‘Poly-CO5’ configu-
ration (e.g., at 375 °C Xco2 = 11.9 and Xy = 9.2). Therefore, the contact
mode significantly influences the reaction process, allowing more re-
action for that last arrangement.

Fig. 4 represents values of selectivity to carbon monoxide as a
function of carbon dioxide conversion. In general, for sequential pro-
cesses such as the hydrogenation described by reactions (r.2) and (r.3), it
is important comparing iso-conversional selectivities with the aim to
correctly discriminate the more selective way to work; otherwise, as a
rule, the higher the conversion, the lower the selectivity towards in-
termediate products.

As it can be seen, for temperatures lower than around 325 °C, se-
lectivities to CO are roughly 100% regardless which feeding configu-
ration is used in the reactor. This agrees with very low CO2 conversions
and represents the worst scenario for the desired process of carbon di-
oxide methanation, giving very low reaction of carbon dioxide and no
yield to methane. When higher CO; conversions are reached (in this case
by increasing temperature for a given W/F¢oz ratio), the selectivity to
CO decreases as desired. This drop is especially significant for ‘Poly-CO2’
configuration.

Although it would probably be necessary to carry out more experi-
ments with higher W/F¢p, ratios in order to verify this tendency for
higher conversions (higher than X¢oz of around 20%, which is the top
value reached in experiments of the series shown in these figures), it can
be concluded that for any conversion, the fixed bed reactor with a side
distributed configuration of carbon dioxide is more selective towards
methane. And, no matter what temperature is used, the methane yield
will always be higher in ‘Poly-COy’ configuration than in the other two.

No great differences are seen among selectivity curves of ‘Poly-Hy'
and ‘Conventional’ configurations for low temperatures and conver-
sions. However, when working at higher temperatures (375 and 400 °C)
higher selectivities towards CO are found for ‘Poly-Hy' configuration.
This agrees with the hypothesis of considering side distribution of
hydrogen as the less selective way of operation to produce methane.
However, for both configurations at 400 °C there is an unusual drastic
increase in the selectivity curve up to values close to 100%. This un-
desired behaviour is not appreciated for the ‘Poly-CO2’ configuration.

There is not a clear reason for this last effect. It has been explained as
an artifact having to do with the non-stationary state of the system,
bearing in mind that those data at 400 °C conform the beginning of each
experimental series with a new catalyst batch. In fact, as it will be
exposed throughout the next section, there will be an important
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Fig. 4. Selectivity to CO vs. CO, conversion as a function of the feeding
configuration in the fixed bed reactor and temperature set point. Curves only
for visual guidance. Asterisk symbols (*) correspond to long-term values (TOS
= 500 min) obtained for each feeding configuration.
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decrease in CO selectivity with TOS for both ‘Poly-Hy' and ‘Conven-
tional’ configuration working at 400 °C.

6.1. Isothermal experiments.

Fig. 5 shows the evolution of both activity (expressed as COy con-
version) and selectivity (towards CO) with time (see (eq.1) and (eq.2)) in
long-term isothermal experiments (400 °C) carried out subsequently to
the T-dynamic ones. The TOS origin for these graphs is the time of
beginning of T-dynamic runs, and the results obtained for the 400 °C
period have been included in Fig. 5 before the time-break in the abscissa
axis. The break time comprises the period of reaction stages at lower
temperatures (375 to 250 °C).

Regarding activities, Fig. 5a, although the process is more stable in
the final stage (TOS > 400 min) than at the beginning (TOS less than 50
min), a slight variation in the catalytic activity still persists for all
feeding configurations. On the other hand, the higher activity achieved
in the pseudo-stationary state with the CO, distributed configuration
(Poly-COy) is clear, compared to the one for the other two configura-
tions, which present similar conversion between them.

Instability, in terms of selectivity to CO, is even greater (see Fig. 5b),
probably related to a still unfinished process of structural and/or su-
perficial adjustment of the catalyst. Once again, a different behavior is
observed for the configuration with distributed CO; feeding (clearly less
selective to CO) compared to the other two.

Summarizing, long-lasting isothermal experiments at 400 °C and
after a global TOS of 500 min still show some variation in activity and
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Fig. 5. Time evolution of (a) CO, conversion, and (b) selectivity to CO
throughout isothermal steps working at 400 °C.
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selectivity, albeit very slightly. Nevertheless, both tendencies have a
positive sense for the process (i.e., there is a trend to increase activity
and decrease selectivity to CO), and a nearly steady state can be envis-
aged for the catalyst at that time.

Finally, it is worth noting that the pairs of final values [X¢oz, Scol at
TOS = 500 min, do not differ much from the initial ones at TOS = 0 min
in the case of the ‘Poly-COy’ configuration, but they do for the other two.
These three values have been graphed using asterisk symbols in Fig. 4.
Thus, it can be verified that S¢p vs X¢oz curves for the two configurations
(‘Poly-Hy' and ‘Conventional’) also tend to decrease. Therefore, their U-
shapes seen in Fig. 4 are confirmed to be only a consequence of the
instability of the experimental values coming from the initial isothermal
stages (400 °C) of T-dynamic experiments.

6.2. Temperature profiles along the bed

The study of reaction yields was complemented with an analysis of
temperature profiles along the bed of solids. In previous studies [37,38]
the effect of distributed feed to minimize thermal gradients in the bed
was analyzed for both homogeneous and inhomogeneous side-flow
distributions, using a 10%"" Ni/Al,O3 catalyst. In general, distributed
feed reduced thermal gradients. Moreover, homogeneous flow distri-
butions showed lower temperature gradients regardless of the reactant
distributed (CO or Hj). Additionally, for stoichiometric feed ratio (Ha:
CO4y = 4:1) slightly better conversions were obtained when COy was
distributed. In this work a homogeneous flow distribution (i.e., similar
flow rate of the distributed gas through each inlet) was always used.

Temperature profiles (i.e., values from T; to T;2 according to Fig. 1)
were measured and recorded in terms that enable their evolution over
time to be viewed. At the beginning of each experimental series, coin-
ciding with the moment when the reagents were introduced into the
bed, an increase in temperature AT (actual temperature minus temper-
ature set point) was always observed for each h;, subscript “i” being the
position in the packed bed (i.e., at 1, 3, 6, 9, and 12 cm above porous
plate support). Moreover, this AT can be directly related to the
appearance of hot spots in the packed bed and therefore to the possi-
bility of thermal damage to the catalyst and its consequent deactivation.
The greatest risk occurs when working in the high temperature range (i.
e., Ts = 400 °C). It is worth noting that height hs (6 cm above the dis-
tribution plate) represents the temperature imposed as set-point by the
PID temperature controller.

14 | IEH Poly-CO,
L | Il Conventional
12+

I Poly-H,
10 3

RAT,h ()

h (cm)

Fig. 6. Relative temperature increase profiles, Ry1,p, in the packed bed for the
three different feeding configurations. Set point Ts = 400 °C. Bar value labels
represent the maximum temperature increase (ATq) reached at each bed
height (hy).
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Fig. 6 represents the bed profiles of relative temperature increase
produced by the exothermic reaction process. To that end, the relative
increase at each height h (Rsr,n) has been defined respecting to the one
obtained at the bottom of the bed (h = 1) according to (eq. 3); ATmax
being the maximum temperature increase value reached at each bed
height.

(AT ),

Rar) = 3
AT (ATm), 3

lem

As it can be seen, the CO, side distribution leads to a qualitatively
different profile than the other two feeding options. In fact, a very ho-
mogeneous profile of Ryt is observed throughout the length of the bed
for ‘Poly-CO5' while for ‘Conventional’ and ‘Poly-Hy' configurations
profiles are markedly pronounced, particularly in the latter case. It
should be noted that specific ATpqy values for ‘Poly-COy’ are greater than
for conventional mode, and these greater than those for ‘Poly-Hy'. That
is, the same relative arrangement of values is observed as for the level of
conversion achieved with each configuration (see Figs. 4 and 5).

Bearing in mind the objective of reaching high activity levels without
promoting the appearance of hot spots along the bed, this study in-
dicates that distributing the reactant CO2 could be a good option. In fact,
really higher conversions can be achieved for this ‘Poly-CO;’ configu-
ration while maintaining a similar value of ATy, than the higher value
found for the other two configurations (at h;2 for all of them), even with
a much lower conversion. In any case, at the working conditions used in
this study ATqx values are always lower than around 8 °C, which rep-
resents an acceptable value without high risk of sintering of the active
phase of the catalyst or carbon deposition (r.4) on its surface.

7. Conclusions

The influence of side distributed feeding on the CO, methanation
process (i.e., Sabatier reaction) is clearly verifiable when an ad hoc Ni-
Mn based catalyst is used. Such a prone to CO production lab-made
catalyst makes the study sensitive enough to assess the effect of
reactor configuration on the process selectivity.

A significantly enhanced CO, methanation activity and selectivity is
achievable by simply changing the reactor feeding configuration.
Certainly, side distribution of CO, (‘Poly-CO;’ configuration) leads to an
improvement of activity, providing a noteworthy conversion enhance-
ment at all temperatures (e.g. at 375 °C, X¢o2 = 11.9 and Xyo = 9.2)
compared to both ‘Conventional’ (X¢o2 = 8.8 and Xy = 5.9) and ‘Poly-
Hy' (Xco2 = 7.4 and Xyo = 4.7) configurations.

Likewise, for any conversion achieved, a ‘Poly-CO,’ arrangement
always allows a lower selectivity to CO than the ‘Conventional’ one. In
contrast, ‘Poly-Hy' configurations lead to higher selectivities to CO.

The effects on selectivity are consistent with a series—parallel reac-
tion scheme in which Hj acts as an attacking reagent on COs. Thus, the
route of both rWGS and rMSR consecutive hydrogenation reactions (i.e.,
reverse Water Gas Shift reaction and subsequent reverse Methane Steam
Reforming) dominates the process when a catalyst like the Ni-Mn one is
used. These findings lead to conclude that, preserving the same global
W/F¢o2 ratio and no matter what temperature is used, the methane yield
will always be higher in ‘Poly-COy’ configuration than in the other two.

Regarding longitudinal profiles in the bed, side distribution of CO,
(‘Poly-CO2 configuration) allows to obtain a more spread location of
reaction along it. Thus, a more homogeneous AT profile is observed
along the bed for ‘Poly-CO5’ feeding, while not exceeding AT;,q, values
from the other configurations.

Consequently, acting on the feed configuration in a fixed bed reactor
proves to be a tool to improve its performance and therefore an
advantage to consider in the design/operation of any methanation
reactor in the power to gas (P2G) strategy.
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