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A B S T R A C T   

This work is conducted within the framework of the Power to Gas (PtG) technologies, focusing on the topic of 
“biogas upgrading”. The objective is to enhance the CH4 content of biogas streams by utilizing the CO2 present in 
these streams through the Sabatier reaction, thereby producing a renewable alternative to natural (fossil) gas. 
Referred to as “SESaR”(Sorption Enhanced Sabatier Reaction), this process employs a catalytic fixed-bed reactor, 
featuring selective water adsorption using LTA 5A zeolites, as an innovative approach to traditional methanation 
reactors. The catalyst used comprises Ni-Fe (7.5:2.5 wt/wt) as the active metallic phase supported on γ-Al2O3. 
Experimental work has been divided in two sets of trials. The first set focuses on the hydrogenation of CO2 as 
single reactant (H2 also supplied in the inlet with 4:1 = H2:CO2 molar ratio). The second set of experiments was 
carried out with a synthetic gas mixture representative of a sweetened biogas stream (molar ratio CH4:CO2 =

7:3). Maximum intensification behavior for CO2 conversion was found at 350 ◦C, also showing that CH4 presence 
in the inlet gas has negligible influence on the conversion of CO2. Selectivity to CO is minimized at temperatures 
exceeding 300 ◦C and remains constant after three consecutive cycles of methanation, water adsorption, and 
desorption. The Fe-Ni catalyst has demonstrated sustained performance throughout the experimental cycles, 
exhibiting no significant loss of activity.   

1. Introduction 

Society is nowadays facing important challenges, such as reducing 
carbon emissions or ensuring the capacity of covering increasing energy 
demands in a sustainable way. Even if some of these goals could be 
apparently solved by implementing new renewable energy sources, 
questions about how to store the temporary surpluses of renewable 
electricity, or ensure a stable energy provision, are still unanswered. 
Moreover, in last years the European energy mix has been questioned 
because of its huge dependency on international providers for satisfying 
the inner energy demand (mainly oil and natural gas) [1,2]. Even though 
global interests and research efforts have been put on hydrogen pro
duction as energy vector, important questions such as its transport, 
storage and normative remain non answered. A pool of alternative en
ergy vectors can facilitate the energy transition, being especially inter
esting those with relatively high energy density such as ammonia [3], 
methanol [4] or methane [5]. 

Power to Gas (PtG or P2G) technologies have been proposed by 

several authors as a feasible alternative for methanation processes [6,7]. 
In the case described in this work, PtG objective consists in producing 
methane from renewable H2 generated by water electrolysis and highly 
concentrated streams of CO2. For such purpose, energy should be sup
plied by surplus electricity from renewables (i.e. wind, tidal or solar) 
[8]. The CO2, on the other side, could be sequestrated from highly 
concentrated streams such as biogas (ca. 40%v CO2 + 60%v CH4) or 
other sources like biomass or sewage sludge gasification streams [9,10]. 
Sabatier reaction (r.1) produces methane and water [11] with the aid of 
a catalyst. However, methanation process mechanism can also be 
considered the combination of the Reverse Water-Gas Shift reaction 
(rWGS) (r.2) [12], followed by the hydrogenation of CO (Reverse Steam 
Methane Reforming -rSMR-) [13]. If CO2 contained in a biogas is used as 
raw material for methanation, the upgraded biogas could achieve a 
concentration in methane higher than 95%v, giving rise to a so called 
Synthetic Natural Gas [14], provided that other requirements are fulfilled 
like an appropriate Wobbe number, or a maximum content in H2S, CO 
and CO2. Thus, PtG technologies can produce an energy vector easier 
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(cheaper) to transport and store than hydrogen. In fact, the technology 
required to adapt the preexisting natural gas network to synthetic nat
ural gas is quite simple, being and interesting substitute of fossil natural 
gas [15]. 

CO2 + 4H2⇌CH4 + 2H2O ΔH0
r = − 165.1[kJ⋅mol− 1] (r.1)  

CO2 +H2⇌CO+H2O ΔH0
r = + 41.2[kJ⋅mol− 1] (r.2)  

CO+ 3H2⇌CH4 +H2O ΔH0
r = − 206.3[kJ⋅mol− 1] (r.3) 

Several catalysts have been reported in bibliography to improve the 
conversion of CO2 and H2 to methane (r.1), being ruthenium and nickel 
among the most common because of their selectivity and activity [16]. 
Nevertheless, both catalysts show important limitations for their scale 
up in industrial practice [17]. On the one hand, the limiting factor for Ru 
is its high price and availability; on the other, higher Ni loads are needed 
to achieve similar conversions than those of Ru. In addition, undesired 
carbonaceous residues (coke) tend to appear for Ni based catalysts [18]. 
Other noteworthy catalysts, based on nickel with various supports like 
ceria or others, have been described in recent literature [19–22]. 

A possible solution for overcoming these limitations is to combine 
the effect of two metals as active species in one catalyst. Fe and Ni 
blended in adequate proportions produce similar yields towards CH4 
than Ru catalysts, while its total cost decreases and the coking behavior 
can be kept under control [23]. 

From the thermodynamical point of view, an intensification of con
ventional methanation processes is the so-called Sorption Enhanced 
Sabatier Reactor (SESaR). SESaR technology includes a water adsorbent 
present in the catalytic bed, which can push up the conversion of re
actants, even beyond the limits predicted by equilibrium, by continuous 
removing of one of the species (H2O) formed in reactions ((r.1) to (r.3)), 
as it is prescribed by Le Châtelier’s principle. 

In this work a fixed bed reactor was loaded with a lab-made Ni-Fe 
based catalyst supported on γ-Al2O3 and an LTA zeolite 5A as water 
adsorbent. The selection of the catalyst was based on the positive results 
of previous studies [24]. In these, a Ni-Fe catalyst (7.5:2.5 wt% over 90 
wt% γ-Al2O3) showed conversion and selectivity values close to Ru 
catalyst at comparable reaction conditions. 

2. Experimental 

2.1. Solids and characterization 

The catalyst (7.5%wt Ni and 2.5%wt Fe, labelled as 7.5Ni-2.5Fe) was 
synthesized by incipient wetness impregnation from Ni(NO3)2⋅6 H2O 
and Fe(NO3)⋅9 H2O, both from Sigma Aldrich. In addition, a commercial 
γ-Al2O3 (ca. 200 m2/g, Puralox, SASOL) was selected as support material 
for the catalyst. After impregnation, the catalyst was dried at 65 ◦C for 
16 hours and then at 90 ◦C for 8 hours. Afterward, the dried catalyst was 
calcined (B180, Nabertherm) in air at 500 ◦C for 8 hours (β= 5 ◦C/min). 
The catalyst was then crushed and sieved. Finally, it was activated at 
500 ◦C for 2 hours with a gas flow composed of 50%v H2, 45%v Ar and 
5%v N2 immediately prior to its use in the reactor. Zeolite LTA 5A was 
purchased from Alfa Aesar as water adsorbent. Following the same 
procedure used with catalyst, zeolite was sieved to the desired particle 
size. 

Several characterization techniques were applied to the solids, 
including N2 adsorption-desorption isotherms (BET), X-ray fluorescence 
for composition (XRF) and X-ray diffraction (XRD) for the identification 
of crystalline structures in the catalyst and the zeolite. Temperature 
programmed reduction (TPR) (β= 5 ◦C/min) was only used for the 
catalyst with a H2/N2 flow of 100 mL(STP)/min and hydrogen partial 
pressure of 0.05 bar out of 1 bar of total pressure. Results of TPR (not 
shown, but available in [24]) demonstrate that the addition of Fe pro
duced a decrease in the reduction temperature of the Ni/Fe alloy. 

The effect of diffusional constraints (internal and external) was also 
studied, fixing a minimum (constant) volumetric flowrate of 250 mL 
(STP)⋅min− 1, and a particle size between 100 and 200 μm (for both 
catalyst and zeolite). Both aspects ensured kinetic regime. 

BET results (Table 1) shows that the impregnation of metals on the 
surface and later calcination of the catalyst, provoke a decrease in the 
surface area respecting the fresh γ-Al2O3. Surface area for 7.5Ni-2.5Fe 
catalyst was compared with a reference 10%wt of Ni catalyst (labelled 
as 10Ni) in order to study the effect of including a second metal in the 
synthesis. That comparison demonstrated a slight reduction in the BET 
area by adding the second metal (i.e., Fe) in the impregnation step. XRF 
characterization (Table 2), showed element content percentages con
firming the adequate addition of precursors during the catalyst 
synthesis. 

XRD characterization (Fig. 1) was selected as complementary tech
nique for crystalline identification. Gamma alumina phase (γ-Al2.1O3.2) 
is observed in both catalysts (7.5Ni-2.5Fe and 10Ni, both on γ-Al2O3) 
and the fresh alumina sample (γ-Al2O3). Clearly, the presence of gamma 
alumina phase complicates the recognition of nickel and iron oxides, but 
XRD spectra point out the presence of NiO and FeO although clearly in a 
lower extent compared to that coming from alumina alone. 

The elemental chemical analysis of the catalyst particles, conducted 

Table 1 
Surface area of the solids (BET).  

Solid BET area (m2⋅g− 1) 

γ-Al2O3 fresh 200.6 ± 0.4 
10Ni 174.5 ± 0.3 
7.5Ni-2.5Fe 167.4 ± 0.4 
Zeolite 5A 428.1 ± 8.0  

Table 2 
Chemical composition of the solids measured by XRF. Nominal composition for 
10Ni: 10 w% Ni; for 7.5Ni-2.5Fe: 7.5 w% Ni and 2.5 w% Fe; both on γ-Alumina.  

Solid Presence of element (%wt) 

Ni Fe Si Al Ca Na 

10Ni 11.07 ±
0.14 0.1 

- - 45.25 ±
0.09 

- - 

7.5Ni- 
2.5Fe 

7.42 ±
0.12 

2.13 ±
0.06 

- 46.86 ±
0.25 

- - 

Zeolite 
5A 

- - 21.07 ±
0.16 

19.37 ±
0.16 

7.07 ±
0.11 

3.28 ±
0.08  

Fig. 1. XRD spectra for comparison between the two catalysts (10Ni, 7.5Ni- 
2.5Fe) and fresh support (γ-Al2O3). Colored symbols represent characteristic 
patterns of pure substances. 
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via Energy-dispersive X-ray spectroscopy (EDX) using an Inspect F-50 
SEM instrument, is depicted in Fig. 2. Images show a uniform distribu
tion of Ni (green) and Fe (red) active sites across the catalyst surface. 
Moreover, the elemental quantification results obtained from this 
technique (not shown), align with the elemental presence observed in 

the XRF characterization (Table 2). 

2.2. Reaction setup and methodology 

The experimental set-up (see Fig. 3) included a fixed bed reactor, 

Fig. 2. SEM image (left) for a particle of 7.5Ni+2.5Fe over γ-Al2O3 and EDX spectroscopy analysis showing the dispersion of iron (center -red-) and nickel (right -green-).  

Fig. 3. Flowsheet diagram of the experimental set-up.  
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operating at atmospheric pressure (quartz, ϕin= 13 mm). The mass of 
solids introduced in the bed was 0.25 g of catalyst and 10.25 g of LTA 5A 
zeolite. Prior to starting a methanation experiment, the catalyst was 
activated at 500 ◦C for 2 hours, with a gas flow of 150 mL(STP)⋅min− 1 

and composition of 50%v H2, 45%v Ar and 5%v N2. After the activation 
stage, the temperature was decreased to the experimental conditions. 
Methanation of CO2 experiments were performed in the range between 
450 and 250 ◦C (in decreasing steps ΔT of − 25 or − 50 ◦C). Total 
volumetric flow of 250 mL(STP)⋅min− 1 and different molar ratios H2: 
CO2 (2:1, 3:1, 4:1, 5:1 and 6:1), diluted in 5%v of Ar and 5%v of N2 
(internal standard) were used. 

On the other hand, for the methanation of synthetic biogas (CO2 +

CH4 mixtures), the feed included a CH4:CO2 molar ratio of 7:3, simu
lating a sweetened biogas resulting from the anaerobic decomposition of 
MSW landfill, and H2:CO2 = 4:1, diluted with a 5%v of Ar and 5%v of N2 
(also as internal standard). Temperature control was ensured by 

measuring the temperature inside the reactor at five different bed 
lengths with the aid of 5 thermocouples in axial position at 1, 3, 6, 9 and 
12 cm, measured from the support plate (vertical reactor). Table 3 
summarizes the operating conditions for the methanation experiments. 

The reactor was fed with a premixed reactants gas flow with the 
previously mentioned molar ratios through five mass flow meter and 
controllers (Alicat). The reactor configuration consisted in a fixed bed 
fed from the top. The catalyst bed was supported on a quartz plate gas 
distributor. Exhaust gases coming out from the reactor were conducted 
to a cold trap (Peltier module) where water was condensed and removed 
from the gas stream to prevent malfunction of the analysis system. 
Finally, they were led to a micro gas chromatograph (µGC) (Agilent 490) 
where their compositions were monitored. 

The reactor was heated up allowing a flow mixture of argon and 
nitrogen up to the set-point temperature. Control thermocouple was 
located at a height of 6 cm from the distribution plate, in a central height 
axial position. 

Two kinds of experiments were conducted in this work. Those used 
as reference of the kinetic behavior of the catalyst without the water 
adsorbing capacity provided by zeolites, and those which also included 
in their formulation, not only the catalytic activity provided by the 
catalyst, but also the capacity to retain adsorbed water. In such cases, 
after a methanation step, a desorption stage should also be included to 
remove the water and allow the catalyst to be prepared for the following 
methanation. These types of experiments were carried out both, for the 
hydrogenation of single CO2, and mixtures of CO2 with CH4 simulating a 
previously sweetened biogas. 

Table 3 
Operating conditions used in the experiments.  

Variable Values 

Catalyst load 0.25 g 
Zeolite (LTA 5A) load 10.25 g 
Particle diameter 100–200 µm 
Bed height 12 cm 
Reactor inner diameter 13 mm 
Temperature 250, 275, 300, 325, 350, 375 and 

400 ◦C 
Volumetric flow 250 mL(STP)⋅min− 1 

H2:CO2 molar ratio 2:1, 3:1, 4:1, 5:1 and 6:1 
CH4:CO2 ratio (synth. biogas) 7:3 
Pressure 1 atm 
Thermocouple height (from supporting 

plate) 
1, 3, 6, 9 and 12 cm  

Fig. 4. H2 and CO2 conversion vs. temperature for different H2:CO2 molar ratios. Green symbols for H2 and blue ones for CO2. Dashed lines represent thermodynamic 
equilibrium conversions (green for H2, blue for CO2) calculated by ΔG minimization. Mass of catalyst = 0.50 g; flowrates and composition as in Table 3. 
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Fig. 5. CO2 and H2 conversions (symbols) at different temperatures for 7.5Ni-2.5Fe/γ-Al2O3 catalyst along methanation experiments with H2:CO2 ratio of 4:1. Rest of 
variables with standard values (see Table 3). Dashed lines denote theoretical values for equilibrium. 

Fig. 6. CO2 conversion for methanation-desorption experiment cycles. Feeding molar ratio H2:CO2 = 4:1, rest of operating conditions as in Table 3. Dashed dotted 
lines represent equilibrium conversions at different temperatures. Curves between data symbols only for visual guidance. 
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3. Results and discussion 

3.1. Effect of H2:CO2 molar ratio of the feeding in the conversion of 
reactants 

Inlet flow with up to five H2:CO2 different molar ratios (2:1, 3:1, 4:1 
-stoichiometric for (r.1)-, 5:1 and 6:1), were analyzed in order to study 
the performance of the reactor. A comparison of H2 and CO2 conversions 
achieved vs. temperature is presented in Fig. 4 for experiments with 
reaction only (i.e., without adsorption by zeolite). The figure also in
cludes the theoretical values of equilibria predicted by minimization of 

the Gibbs free energy 
{

Min
(

δΔG
δni

)}
, where ni stands for the number of 

atoms of the different species -i-, per molecule (with the aid of Aspen 
HYSYS v14). 

As predictable, H2 and CO2 consumption showed opposite behaviors, 
finding higher H2 conversions at under-stoichiometric conditions (H2: 
CO2 = 2:1 and 3:1). On the contrary, CO2 conversion increased 
respecting H2 ones for over-stoichiometric ratios (H2:CO2 = 5:1 and 
6:1). 

Results in Fig. 4 show that for all H2:CO2 molar ratios, equilibrium 
conversions decrease from lower to higher temperatures. At tempera
tures approaching 400 ◦C, experimental conversions are being limited 

by the thermodynamic equilibria. Note that, in order to depict this effect 
in Fig. 4, WHSV has been doubled respecting the “standard” value 
shown in Table 3 (mass of catalyst 0.5 g instead of the regular 0.25 g). 
The active presence of an agent capable of adsorbing water (byproduct 
of reactions (r.1) to (r.3)) can intensify the process, pushing up con
versions even beyond the limit imposed by equilibrium, as will be shown 
in the next chapters. 

3.2. Effect of temperature 

Fig. 5 presents an experiment for 7.5Ni-2.5Fe over γ-Al2O3 catalyst 
(no Zeolite 5A present), at different temperatures with a H2:CO2 molar 
ratio of 4:1 (stoichiometric). In these experiments, the load of catalyst 
was half of that for experiments shown in Fig. 4 (flowrates and 
composition as in Table 3). That is the reason why even at 400 ◦C, 
conversions achieve lower values than those predicted by the equilibria. 

The experiment began at 400 ◦C and ended at 250 ◦C. Temperature 
was decreased by 25 ◦C every ca. 50 min to allow for stabilization. The 
stoichiometric H2:CO2 ratio equal to 4:1 (Sabatier reaction (r.1)), 
showed as it was expected, identical conversions for H2 and CO2. As it 
can be observed in Fig. 5, higher temperatures improve the reactants 
conversion, while on the other side, equilibrium conversions (dashed 
lines) decrease gradually when temperature growths (right to left). No 

Fig. 7. CO2 conversion for methanation-desorption experiments feeding synthetic sweetened biogas (symbols) (molar ratios H2:CO2:CH4 = 12:3:7). Dotted lines 
correspond to experiments without presence of CH4 in the inlet (Fig. 6) for comparison purposes. Rest of operating conditions as in Table 3. Dashed dotted lines 
represent equilibria conversions at different temperatures for the synthetic biogas feed. Curves between symbols only for visual guidance. 
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significant presence of any other species (e.g., CO) was observed. 

3.3. Intensification: conversion results 

Two sets of experiments were designed to assess the positive effect of 
including LTA zeolite 5A in the bed to enhance the methanation 
reaction:  

a. Hydrogenation of a CO2 stream free of methane in the inlet. 
b. Synthetic sweetened biogas upgrading (hydrogenation of CO2 pre

sent in biogas, i.e., with CH4 in the inlet). 

3.3.1. CO2 methanation 
First set of enhanced methanation results (i.e., with zeolites 

adsorbing water from the environment), are shown in Fig. 6. Each 
experiment is composed by three methanation steps (labelled as M1, M2 
and M3), interspersed with two desorption stages (labelled as, D1: inert 
atmosphere, same reaction temperature; D2: inert atmosphere, rise of 
temperature up to 500 ◦C at a rate of 5 ◦C /min, followed by cooling 
down to reaction temperature). No CH4 was fed to the reactor for this set 
of experiments. Chosen stoichiometric molar ratio H2:CO2 was always 
4:1. 

As it can be observed, at all temperatures and in all methanation 
stages (M1, M2 and M3), CO2 conversions reach noticeably higher 
values for the first few minutes of the methanation step than in the 
following. That behavior agrees well with the phenomenon of water 
adsorption by the zeolite: the removal of water from the reaction media 
increases the rate at with CO2 is transformed into CH4. Later, CO2 con
version decreases until achieving a stationary value that is related with a 
non-intensified methanation regime caused by the saturation of the 
zeolite with water at a given temperature and steam partial pressure, 
given by the concurring reactions ((r.1) to (r.3)). 

Also remarkable is the point that for some temperatures (400 and 
450 ◦C), and as predicted, the values of CO2 conversion in the early 
stages of the reaction, and for all methanation periods M1 through M3, 
are above the limit imposed by thermodynamics as consequence of H2O 
retention from the reaction media by the LTA 5A. 

Keeping this hypothesis in mind, a desorption period (D1) was 

maintained for ca. 30 min in which only inert gases were fed to the 
reactor keeping temperature constant. The aim was desorbing as much 
water from the zeolite surface as possible. After that, in the subsequent 
methanation (M2), with same features than (M1), the enhanced 
behavior decreased likewise due to the loss of the water retention ca
pacity of the zeolite. Although initial values are comparable between M1 
and M2 for a given temperature, the periods of high conversions are 
shorter in M2 than in M1 approaching again similar values of steady 
state conversions. This fact points out that the amount of water adsorbed 
by the zeolite has been reduced after the first methanation (M1), leading 
to the conclusion that some water is still adsorbed on its surface at the 
beginning of the M2 stage. 

A second desorption (D2) was carried out increasing the temperature 
up to 500 ◦C (and subsequent cooling down) to favor complete regen
eration of the zeolite by a more thorough drying. Again, similar con
versions were obtained in the first moments of the third methanation 
(M3), followed by a more prolonged period of stabilization than in 
previous methanation (M2). This showed that heating in inert atmo
sphere (D2) promotes that conversions were almost completely recov
ered approaching those for fresh zeolites. It can be clearly validated, for 
example, at 350 ◦C. 

From the standpoint of the behavior respecting temperature, results 
show that for a given methanation stage, increasing temperature clearly 
increases the conversion until its maximum at 400 ◦C. At the highest 
temperature (i.e., 450 ◦C) the thermodynamic equilibrium strongly 
limits the reaction and consequently, the conversion decreases 
respecting lower temperatures. For this temperature, although the hy
drogenation rate is higher than that at lower temperatures, also the 
capacity of the zeolite for adsorbing water is lower, and shorter is the 
period for achieving a stationary state with a conversion of CO2 ca. 65%. 

Finally, for lower temperatures, although the potential of water 
adsorption capacity is higher than that at higher temperatures, the rate 
of methanation and adsorption is lower, concluding that no significant 
differences can be observed from one methanation to the other. 

3.3.2. Synthetic sweetened biogas methanation 
Fig. 7 presents a comparison between the CO2 conversion along time 

obtained at different temperatures when only CO2 is fed to the reactor 
(short-dashed curves), and when CH4 (symbols) is jointly cofed with 

Fig. 8. A) Qualitative description of the method for determination of intensification area. B) Intensification, as mmol of CO2 reacted in excess /g of zeolite 5A, for 
each temperature and methanation step (M1, M2 and M3). Bars: CO2 methanation experiments; Symbols: Biogas methanation experiments. 
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CO2. Experiments of this last type try to mimic the methanation of a 
biogas previously sweetened in which H2S, siloxanes and a portion of 
CO2 have been removed in an upstream cleaning process. Experimental 
conditions are described in Table 3. 

The experiments followed the same pattern than those described in 
Fig. 6, with methanation steps (M1, M2 and M3) at the same tempera
ture, interspersed by desorption stages (D1 and D2) with same temper
ature (D1) and previous heating up to 500 ◦C followed by cooling down 
for ensuring a thorough desorption of water (D2). 

As it was seen in Fig. 6, first minutes of each methanation show 
values of CO2 conversion that gradually decrease up to a point in which 
they remain almost stable. As described above, this behaviour can be 
attributed to the pushing effect of water retention by zeolite which is 
being saturated progressively up to a point in which zeolite can adsorb 
no more water. Although initial values are quite similar regardless of the 
presence of CH4 in the feed or not, conversion for experiments feeding 
synthetic sweetened biogas show, in general, lower stationary CO2 
conversions at all temperatures. This can be explained in the light of the 
lower partial pressures of CO2 entering the reactor when biogas is fed, 
and consequently with lower methanation rates. 

The effect of sharp reduction of water adsorption capacity is also 
present in the event of biogas feeding. When only inert gas is passed 
through the bed, keeping the same temperature (D1) the amount of 
water released from the zeolite is lower than that adsorbed during the 
first methanation (M1). This capacity is almost completely recovered 
when desorption stage includes not only the inertization but an increase 
in temperature up to 500 ◦C and subsequent cooling down to the reac
tion temperature (D2). 

3.4. Intensification: quantification 

The method for quantifying the effect produced by introduction of 
zeolites in the bed in the methanation reaction, is qualitatively pre
sented in the Fig. 8.A. The area below the curve describing the fall of 
CO2 conversion along time achieving a stable CO2 conversion (dashed 
horizontal line), represents the “extra” amount of CO2 that has been 

converted into CH4 respecting that had been converted without the aid 
of zeolite. This “extra” amount of CO2, measured in (mmol/gLTA_5A), can 
be considered an indicator of the intensification provided by the zeolite. 

Mathematically, the intensification indicator (I) has been described 
as (Eq.1). 

I =
f IN

CO2

WLTA5A
⋅
∫ t

0
XCO2 (t)⋅dt (1)  

where: 
f IN

CO2 
is the molar flow of CO2 entering the reactor [mmol CO2⋅s− 1] 

XCO2 is the conversion of CO2 at the exit of the reactor as a function of 
time [adim] 

t is the time at which CO2 conversion has achieved a stable value [s] 
WLTA5A is the mass of zeolite LTA 5A present in the bed [g5A] 
Results shown in Fig. 6 (CO2 methanation) and Fig. 7 (biogas 

methanation), were used to calculate the intensification indicator ac
cording to the inlet flow and composition to the reactor. They are pre
sented in Fig. 8B. It can be appreciated the reduction of the zeolite 
capacity for adsorbing water after the first methanation-desorption cycle 
(from M1 to M2). However, increasing the desorption temperature along 
D2 (i.e., between M2 and M3), showed positive effects in the regener
ation of the zeolite capacity to adsorb water. Based on these results, the 
optimal operation temperature for the enhanced methanation at stoi
chiometric H2:CO2 feeding rate, and rest of experimental operating 
conditions (as in Table 3), seems to be 350 ◦C. Although with significant 
lower values, the same trend was shown for the biogas upgrading, 
obtaining the highest intensification rates at the same temperature 
(350 ◦C). 

3.5. Intensification: selectivity results 

In some experiments, CO was found in small proportions in the 
exhaust gases. This is generated by the secondary non-desired reverse 
Water Gas Shift reaction (r.2), which reduces CO2 in a parallel way to the 
Sabatier reaction (r.1), and it is favored by low temperatures due its 

Fig. 9. Selectivity to CO vs. CO2 conversion for different temperatures and methanation steps (M1-M3). Experimental conditions as in Table 3. Lines between data 
symbols only for visual guidance. A) methanation of CO2 for both zeolite 5A and alumina as second solid in the bed. B) methanation of synthetic sweetened biogas. 
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endothermic character (ΔH0
r = 41.2kJ⋅mol− 1

). This reaction is followed 
in series by the reverse Steam Methane Reaction (r.3), so that, when the 
CO2 conversion is high, the fractional yield to the intermediate product 
CO drastically drops. That trend was confirmed by the analysis of the 
results of selectivity toward CO versus CO2 conversion shown in Fig. 9A 
for the experiments of CO2 hydrogenation (Fig. 6) and sweetened biogas 
hydrogenation (Fig. 7). In fact, the maximum CO production is always 
found at very low conversions and 250 ◦C. When increasing temperature 
above 300 ◦C, the selectivity to CO is around three times lower. It is also 
remarkable the similar trend of selectivity vs. conversion for all three 
methanation cycles (M1 to M3). Thus, even when the zeolite adsorption 
capacity is reduced (i.e., for M2 compared to M1) (Fig. 8B), the selec
tivity of the catalytic process remains similar. 

The evolution of the selectivity to CO respecting CO2 conversion is 
like that found for analogous experiments but carried out loading in the 
bed an inert solid without hygroscopic features (alumina) instead of 
zeolite. The results of these latter experiments have also been included 
in Fig. 9A for comparison purposes. As it can be observed, apart from the 
transient enhancement in methanation due to water adsorption, the 
effect of the zeolite leads to a global decrease in selectivity to CO at all 
conversions and temperatures, which is a desirable effect for the global 
objective of CO2 methanation. 

Fig. 9B presents the CO selectivity vs CO2 conversion comparison of 
the different methanation steps for biogas upgrading experiments. The 
feeding included a H2:CO2 ratio of 4:1, and CH4:CO2 ratio of 7:3. As it 
can be observed for all the cases, the selectivity to CO remains lower 
than 1%. The selectivity toward CO presents a decreasing trend when 
the CO2 conversions approach very low values, instead of maintaining 
the expected exponential increase previously observed for the metha
nation of CO2 free of CH4 content (Fig. 9A). Selectivity is close to zero for 
temperatures below 300 ◦C, even when CO2 conversion exhibited values 
under 10%. This change in behavior at low conversions for biogas 
upgrading was also observed in our laboratory with other catalytic 
systems such as Ni-MnOx [4]. Comparing Fig. 9A and Fig. 9B, the in
clusion of methane has significantly reduced the selectivity to CO at all 
temperatures, even for the highest CO2 conversion values. 

3.6. Intensification: space-time yield (CH4 STY) 

Table 4 shows the methane space-time yield (CH4 STY) obtained at 
different temperatures for both CO2 methanation and biogas methana
tion. In the case of zeolite-intensified operation, the average value of 
CH4 STY during the intensification period (until saturation of the LTA 
zeolite with water) is specified. The effect of zeolite enhancing the 
conversion of CO2 represents a notable increase in this average methane 
production. 

To appreciate the advantage of intensification by adsorption, Fig. 10 
shows the CH4 STY values achieved at 300 ◦C in this work, and those 
found in recent literature. Intensification by adsorption supposes a clear 
increase in CH4 STY towards its maximum stoichiometric values, even 
when working at WHSV greater than 10 gCO2⋅gcat

− 1⋅h− 1. Moreover, the 
range of CH4 STY improvement achieved by adsorption enhancement 
with LTA 5A zeolite at TOS = 0 (also shown in Fig. 10, apart from the 
average CH4 STY value achieved during the enhanced period) is clearly 
significant. The effect is remarkably greater in the case of CO2 metha
nation than in the case of biogas methanation. 

Table 4 
Methane space-time yields (STY).  

T 
(◦C) 

CH4 STY (mmolCH4⋅gcat
− 1⋅h− 1) 

CO2 methanation Biogas methanation 

WHSV = 9.7§

gCO2⋅gcat
− 1⋅h− 1 

WHSV = 19.4†

gCO2⋅gcat
− 1⋅h− 1 

WHSV = 13.3‡

gCO2⋅gcat
− 1⋅h− 1 

stationary LTA 5A 
intensified 

stationary LTA 5A 
intensified 

400 175.9 293.3 306.6 162.0 181.6 
350 156.7 128.4 173.9 89.6 131.8 
300 71.6 65.0 78.9 22.6 42.4 
250 13.4 4.2 14.1 1.5 6.6 

§ catalyst load = 0.5 g (Fig. 4) † catalyst load = 0.25 g (Figs. 6, 8, and 9A) ‡

catalyst load = 0.25 g (Figs. 7, 8, and 9B) 

Fig. 10. Methane space-time yields (CH4 STY) vs. WHSV for several bibliographic references at 300 ◦C, including those obtained in this work.  
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4. Conclusions 

This study evidences the possibility of thermochemically increase the 
content of methane of a sweetened biogas by thermocatalytic hydro
genating the CO2 present in the mixture (Sabatier reaction). The char
acterization of the catalysts (BET, XRF, XRD and H2-TPR) corroborated 
the correct catalyst synthesis, pointing out that the specific surface of the 
7.5Ni-2.5Fe catalyst over gamma-alumina remained high even though it 
was subjected to a prior calcination at 500 ◦C for a period of 8 hours. 

Respecting intensification of the process, LTA 5A zeolite has proved 
to enhance de CO2 hydrogenation for temperatures over 350 ◦C. The 
role of zeolite in the bed is taking water from the reacting media, 
pushing the catalyzed methanation reaction towards products beyond 
the point the catalyst would do if it were alone. In addition, for the first 
methanation step, CO2 conversion increased more than 20% compared 
to the original (i.e., without zeolite) stationary conversion. As drawback, 
intensification behavior was reduced after the first methanation cycle 
and it only was recovered after a desorption step rising the temperature 
up to 500 ◦C. 

Catalyst showed stability after the methanation plus adsorption- 
desorption cycles with and without CH4 feeding. In general, inclusion 
of CH4 in the feed reduces the stationary conversion behaving as a 
pseudo-inert species. However, at 350 ◦C the conversion reduction was 
minimal and the reduction in the intensification behavior was less 
pronounced, making 350 ◦C the optimal temperature among those 
checked. On the other hand, CH4 addition in the inlet has a positive 
effect by decreasing the selectivity towards CO at a given CO2 conver
sion for all the temperatures tested, compared to those without CH4 
present in the feed. 
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