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RESUMEN

Simulacién del proceso de captura de CO, mediante los ciclos de
carbonatacion/calcinacion de CaO integrado en plantas de produccion

de energia

La tecnologia de captura de CO, basada en los ciclos de carbonatacién/calcinacién de CaO
cuenta con un gran potencial de aplicacion como tecnologia emergente de captura de CO,
tanto en configuraciones de proceso en post-combustion aplicado a un gas de combustion,
como en configuraciones en pre-combustion para generaciéon de un gas rico en hidrégeno.
Esta tecnologfa de captura de CO, se basa en la reacciéon de un sorbente basado en CaO
con el CO, presente en una corriente gaseosa, y en la reacciéon inversa de calcinacion del
CaCO; a mayor temperatura en una atmosfera concentrada en CO,. La principal ventaja de
este proceso se basa en que practicamente toda la energfa introducida en el calcinador se
recupera en la etapa de carbonatacion y en forma de corrientes gaseosas y solidas a alta
temperatura. Debido a esta eficiente recuperacion de energia, esta tecnologia representa
una de las opciones de captura de CO, con mayor potencial de integracion energética y de

reduccion de la penalizacion energética con respecto del proceso sin captura de CO,.

Con el fin de evaluar este potencial, el principal objetivo de este trabajo ha sido analizar
diversos procesos de conversion de energia (a electricidad, calor y/o hidrégeno)
que integran un sistema de captura de CO, basado en la reacciéon de carbonatacion
del CaO con el CO,, para conseguir una integracion entre ambos sistemas que, bajo
unas condiciones de operacién razonables, reduzca al minimo la penalizacion
energética derivada de la captura de CO,. Concretamente, se han estudiado las
configuraciones de este proceso como tecnologia de captura de CO, en post-combustion
en centrales térmicas (CT) de carbon para produccion de electricidad, y como tecnologia de
captura de CO, en pre-combustién en procesos de produccién de hidrégeno y/o

electricidad a mediante reformado con vapor de gas natural.

En su aplicacion como tecnologia de captura de CO, en post-combustién, una de las
configuraciones mas prometedoras en un corto/medio plazo es la implantacion de este

proceso de carbonatacién/calcinaciéon a CT existentes de carbon, debido a que la conexion
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con la CT existente se realiza facilmente introduciendo el gas de combustién directamente
en el carbonatador del sistema de captura de CO,, permaneciendo inalterado el
funcionamiento de la CT existente. La resoluciéon de modelos de reactor de carbonatacion
integrados en un modelo de simulacién global del proceso de captura de CO, en este
trabajo ha confirmado que es posible obtener eficacias de captura de CO, entre 70 y 90 %
bajo diferentes estrategias de operacion. La eficiencia eléctrica neta obtenida es maxima
operando el sistema de captura de CO, con bajos aportes de sorbente fresco, ya que la alta
circulacién de solido entre reactores en estos casos maximiza la produccién de vapor para
generacion de electricidad en un nuevo ciclo de potencia. Penalizaciones energéticas en
torno a 7.5-8.5 puntos porcentuales con respecto del sistema sin captura de CO, han sido
demostradas operando con bajos aportes de sorbente fresco (correspondientes a un valor

de purga ~2 % del total de solidos circulando desde el calcinador).

Se ha planteado una configuracion alternativa adecuada para una CT de carbon de nueva
construccion que consiste en una mayor integracion entre los componentes del sistema de
captura de CO, y la caldera de la CT, y que permite mejorar la eficiencia de produccién
eléctrica con respecto de la configuraciéon anterior para CT existentes. En concreto, la
configuracién estudiada propone aportar la energfa necesaria en el calcinador mediante la
circulacion de una corriente de sélidos calientes desde la caldera de la CT. Los resultados
obtenidos de la simulacién de este proceso han confirmado la menor penalizacion
energética asociada a esta configuracion, que ha resultado en torno a 7 puntos porcentuales
de rendimiento operando con bajos aportes de sorbente fresco. En estas condiciones, se

han obtenido eficacias de captura de CO, en el carbonatador en torno al 90 %.

A pesar de la eficiente recuperacion de energia en el proceso de carbonatacién/calcinacion,
uno de los objetivos prioritarios en este proceso es conseguir calcinar el CaCO; formado a
la menor temperatura posible para reducir el consumo de energfa en el calcinador, y
minimizar problemas derivados de la fusién de cenizas y/o de la desactivacién del
sorbente. En este trabajo se ha llevado a cabo la realizaciéon de una primera aproximacion al
modelado de un calcinador de lecho fluidizado de un sistema de carbonatacién/calcinacion
para capturar CO, con CaO, con el objetivo de determinar las condiciones de operacioén
que permiten alcanzar eficacias de calcinaciéon elevadas a temperaturas moderadas y

tiempos de residencia razonables para este tipo de reactor. Incluyendo una cinética real de
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calcinacion determinada experimentalmente mediante analisis termogravimétrico, las
predicciones del modelo apuntan que operando con un inventario de solido en el rango de
800-1200 kg/m* (equivalente a un tiempo de residencia del sélido de 2-3 min) vy
temperaturas en torno a 900-910°C, es posible conseguir eficacias de calcinacion superiores
al 95 %, equivalentes a un contenido en CaCOj inferior al 1 % (en moles) en la corriente de

solidos que abandona el calcinador.

En su aplicaciéon como tecnologia de captura de CO, en pre-combustion, se ha estudiado el
proceso de reformado de gas natural con vapor con captura 2 situ de CO, con CaO para
produccién de hidrégeno y/o electricidad (SER, acrénimo del inglés Sorption Enhanced
Reforming). Este proceso propone introducir el sorbente basado en CaO en el reactor de
reformado con el fin de mejorar la eficiencia de produccién de hidrégeno, disminuir la
complejidad del proceso y reducir los costes de producciéon de hidrégeno con respecto de
la tecnologfa actual mas extendida de produccién de hidrégeno. Se ha desarrollado un
modelo de simulaciéon de una planta de produccién de hidréogeno basada en este proceso
SER con el fin de demostrar su potencial como tecnologia de produccion de hidrégeno, en
el cual los reactores de reformado/carbonatacion y de calcinaciéon son dos reactores de
lecho fluidizado conectados entre si operando a presién cercana a la atmosférica. Se han
obtenido producciones de hidrégeno de hasta 2.8 moles de H, por mol de CH, equivalente
en el proceso SER, considerablemente mas elevadas a las obtenidas mediante la tecnologia
convencional basada en el reformado catalitico de gas natural con vapor (~2.3 moles de H,
por mol de CH, equivalente). Ademas, el consumo de gas natural ha resultado casi en un
20 % inferior al del proceso convencional a pesar de la energfa consumida en la
regeneracion del CaCOj;, y en una eficacia de captura de CO, global cercana al 100 %,

demostrando asi las ventajas potenciales de este nuevo proceso.

Se ha estudiado una configuracién alternativa para este proceso SER que propone afiadir
un material de Cu al sistema con el fin de suministrar la energfa necesaria en la calcinacién
del CaCO; mediante la reducciéon exotérmica del CuO empleando CO, H, 6 CH, como
agentes reductores. Este nuevo proceso se lleva a cabo en un sistema de reactores de lecho
fijo operando en paralelo, en el cual la presiéon y temperatura de los reactores se va
modificando para favorecer las distintas etapas de produccion de H,, oxidacién del Cu y

calcinacion de CaCO,/reduccién de CuO. Los resultados obtenidos de la simulacion de
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esta nueva configuracion del proceso SER han demostrado la posibilidad de alcanzar una
produccion global de 2.6 moles de H, por mol de CH, equivalente alimentado al proceso y
una eficacia global de captura de CO, del 94 %, que contindan siendo mejores que las del

proceso convencional de produccién de hidrégeno.

La existencia de una etapa de produccion de hidrégeno a alta presiéon en este ultimo
proceso basado en la combinacién de los ciclos de Ca/Cu permitiria emplear el hidrégeno
generado como combustible en la turbina de gas de un ciclo combinado de gas natural
(CCGN) para producir electricidad con bajas emisiones de CO,. Se ha analizado y
propuesto un posible disefio de una central de CCGN con captura de CO, integrada con el
proceso de produccién de hidrégeno basado en los ciclos de Ca/Cu, con el fin de analizar
la influencia de los principales parametros de operacion en el funcionamiento global de
dicha central eléctrica. Se ha demostrado que el uso de un combustible rico en hidrégeno
influye notablemente en la potencia eléctrica generada en la turbina de gas del ciclo
combinado. Desde el punto de vista de la eficiencia eléctrica y de las emisiones de CO,, se
han escogido unas condiciones de operacion 6ptimas para el proceso basado en los ciclos
de Ca/Cu que permiten obtener una eficiencia eléctrica neta cercana al 51 % con una
eficacia global de captura de CO, del 90 %, equivalente a unas emisiones especificas de 40
gCO, emitidos/kWh. Comparado a otros procesos de producciéon de H, integrados con un
CCGN para producir electricidad con bajas emisiones de CO,, se demuestra el potencial
que presenta este proceso de produccion de hidrégeno como tecnologia de captura de CO,

en pre-combustion en centrales de CCGN.

Finalmente, se ha preparado y caracterizado un material de cobre adecuado para este
proceso de produccién de hidrégeno basado en los ciclos de Ca/Cu que cumple los
principales requisitos necesarios en lo que respecta a contenido en cobre, reactividad y
estabilidad quimica y mecanica con los ciclos de oxidacién/reduccion. Se ha estudiado la
cinética de reduccién de este material de Cu en condiciones de concentracién y
temperaturas tipicas de la etapa de reduccion/calcinacion de este proceso, y se ha
demostrado que el modelo cinético de nucleo decreciente predice adecuadamente el
comportamiento de este material tanto en forma de pellet como en polvo. Los valores
obtenidos para la energia de activaciéon y el orden de la reaccidn, se encuentran en dentro

del rango de los encontrados en la literatura para materiales con alto contenido en Cu.
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SUMMARY

Process modelling of Ca-looping systems integrated in energy

conversion systems

Ca-looping process is a promising technology for CO, capture suitable for both post-
combustion and pre-combustion applications. In post-combustion configuration, the Ca-
looping process has experienced a fast development from a concept paper to large pilot
testing in recent years. However, Ca-looping process for pre-combustion CO, capture has
been widely tested only up to laboratory scale. This CO, capture technology involves the
separation of CO, using the reversible carbonation reaction of CaO and CO, and the
calcination of the CaCOj formed to regenerate the sorbent. One of the main advantages of
this technology is that most of the energy introduced for sorbent regeneration can be
recovered from the process at sufficient high temperature as to power a new steam cycle,
generating additional power and drastically reducing the overall energy penalty and the CO,
capture cost. Therefore, CO, capture processes based on the Ca-looping concept represent
a potential energy efficient alternative to the commercially available ones, such as amine

absorption systems in post-combustion or adsorption units in pre-combustion routes.

To evaluate this potential, the main objective of this Thesis has been to analyse
different energy conversion systems (where the end product is electricity, heat
and/or hydrogen) including a Ca-looping process for CO, capture, and to find out
those operating conditions that optimise plant performance from an efficiency and
CO, emissions standpoints. In general terms, it has been studied the application of the
Ca-looping process as a post-combustion technology in coal-based power plants for
electricity production and as a pre-combustion CO, capture route in natural gas reforming

processes for hydrogen and/or electricity production.

The integration of a Ca-looping system into an existing coal-based power plant represents
one of the most promising process configurations for this CO, capture technology
experiencing the fastest developing pace, because it relies on the use of commercially
proven combustion technology in circulating fluidized beds and it is easy to be coupled

into an existing power plant by exclusively feeding the flue gas into the carbonator. A



process simulation model has been constructed consisting of an existing subcritical power
plant integrated with a Ca-looping process, whose energy process streams are used for
steam production to be expanded in a new supercritical power cycle. By solving mass and
energy balances for the whole process, it has been demonstrated that CO, capture
efficiencies ranging from 70 to 90 % of the flue gas coming from the existing plant are
feasible under different strategies of design and operation. Simulation results point out that
low sorbent make-up flows are preferable from an efficiency penalty reduction point of
view, since the high solid circulation rate in this case maximises steam production in the
carbonator. Efficiency penalties as low as 7.5 percentage points have been obtained under
these low make-up flow conditions (corresponding to solid purge ~ 2 % of the solid flow

circulating from calciner).

Alternative Ca-looping process configurations based on a highly integrated scheme with a
coal based power plant would allow achieving further reduction in the efficiency penalty
associated to this CO, capture technology. In this work, a new process scheme for coal
based power generation including a Ca-looping system has been proposed and analysed.
This process configuration is based on three interconnected fluidised bed reactors (coal
combustor, carbonator and calciner), where the energy required in the calciner for CaCOj,
calcination is supplied by a solid heat carrier (mainly CaO) circulating from a combustor
operating at high temperature (1030°C). Simulation results have confirmed the expected
lower efficiency penalty associated to this configuration, which resulted to be around 7
percentage points when operating with low make-up flow (equivalent to solid purge ~ 2 %
of the solid flow from calciner). CO, compressor consumption represents the main penalty

source in this configuration, where CO, capture efficiencies as high as 90 % are achieved.

Despite the effective energy recovery associated to Ca-looping process configurations,
there are important challenges derived from the need of supplying a great amount of
energy in the calciner and of achieving the demanding conditions required to get high
calcination efficiencies. Most of the heat demand in the calciner is related to the heating of
the inert solids flowing from carbonator to calciner and, to a lesser extent, to the heating of
the recirculation of CO, in the calciner, which will be higher as calciner temperature
increases. However, calcination efficiency of the CaCO; present in the calciner increases as

calciner temperature increases. Consequently, one of the main objectives of Ca-looping
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systems is to achieve high calcination efficiencies operating at the lowest calcination
temperature and, therefore, minimise sorbent deactivation and ash related problems. A first
CFB calcination reactor model approach has been proposed in this work based on simple
fluidynamic assumptions and including a realistic kinetic model description of the
calcination reaction determined in a TGA. According to model predictions, calcination
efficiencies higher than 95 % are expected when working with typical solid inventories of
800-1200 kg/m* (corresponding to solid residence time from 2 to 3 minutes) and
temperatures around 900-910°C (with CO, partial pressures around 0.8 atm). This high
calcination efficiency implies CaCOj contents as low as 0.005 moles CaCO,/mol of Ca in

the solid stream leaving the calciner.

The integration of a Ca-looping system as a pre-combustion CO, capture route in natural
gas reforming processes for hydrogen and/or electricity production is called Sorption
Enhanced Reforming (SER), and proposes the addition of a Ca-based sorbent to the
commercial reforming catalyst so that reforming, water gas shift and carbonation reaction
take place simultaneously in one reaction step. The combination of chemical and separation
reactions in this SER concept simplifies the process, improves the efficiency and enhances
the conversion and the hydrogen yield with respect to the widely used technology for
hydrogen production: Steam Methane Reforming (SMR). A complete simulation model of
a hydrogen production plant based on this SER process has been proposed in this work,
considering that the reformer/carbonator and the calciner reactors are interconnected
fluidized bed reactors operating at near atmospheric pressure and at different high
temperature. Noticeable higher hydrogen yields have been obtained in SER process (2.78
moles of H, output/moles of equivalent CH,) since the coupling of the carbonation
reaction helps in overcoming the thermodynamic limitations of the SMR based process,
where 2.29 moles of H, output/moles of equivalent CH, are produced. Moreover, it is
demonstrated that energy consumption is around 20 % less than the energy needed in the
SMR based plant featuring CO, capture with amines, despite the fact that energy
consumption in the calciner is supplied by natural gas combustion using an O, pure gas

stream coming from an ASU.

An alternative SER based process configuration has been also modelled and analysed,

consisting on a novel Ca/Cu chemical looping process that incorporates to the Ca-looping
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a second Cu/CuO chemical loop to supply the energy for CaCOj, calcination via the
reduction of CuO with a fuel gas. This process is performed in a series of fixed bed
reactors where pressure and temperature are modified to favour process stages: hydrogen
production, Cu oxidation and CaCOj; calcination/CuO reduction. When focused on
hydrogen production, this Ca/Cu process has shown a hydrogen yield as high as 2.63
moles of H, output/moles of equivalent CH,, higher than the SMR based process but
slightly below that obtained for the previous SER configuration operating at atmospheric

pressure.

The existence of a high pressure hydrogen production stage in this novel Ca/Cu process
make it possible to propose an integrated combined cycle configuration with nearly zero
emissions where a hydrogen-based fuel is burnt in the gas turbine. A feasible integration
between this novel Ca/Cu process and a natural gas combined cycle (NGCC) has been
proposed in this work to analyse the influence of the operating conditions in the overall
plant performance. It has been observed that the use of a hydrogen-based fuel has a great
effect on the gas turbine power output due to the presence of steam in the flue gas. From
efficiency and CO, emission standpoints, a set of operating conditions for the Ca/Cu
process can be proposed leading to an efficiency penalty of around 8 percentage points
with respect to a reference NGCC plant without CO, capture. CO, emissions as low as 40
gCO,/kWh produced atre possible. Compared to other pre-combustion CO, captute routes
applied to NGCC power plants, it has been demonstrated the potential of this novel

concept in this electricity production configuration.

Finally, the preparation and characterisation of a high load Cu-based material suitable for
this novel Ca/Cu process have been catried out. Furthermore, as one of the main
objectives of this novel process is to perform CaCOj calcination with the energy released
by CuO reduction using CO, H, or CH, as fuel, the reduction kinetics of the synthesised
material at calcination conditions has been investigated. A reaction model based on the
shrinking core model has been successfully applied to describe the reduction conversion of
the material at different temperatures and reducing gas concentrations. Kinetic parameters
determined are in close agreement with those reported in the literature for reduction

kinetics of high load Cu-based solids.
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1. Introduccion

1.1. Cambio climatico, emisiones de CO, y energia

Es hoy un hecho probado que el clima en nuestro planeta estd cambiando a gran velocidad,
tal y como evidencian el aumento observado a lo largo de los ultimos 200 afios en la
temperatura promedio de la atmodsfera y de los océanos, asi como el nivel del mar debido a
la disminucién de la cubierta de hielo del Hemisferio Norte (IPCC, 2013). Entre las
principales causas de esta alteracion se encuentra el aumento de la concentracion de gases
de efecto invernadero (GEI) de origen antropogénico en la atmoésfera, que junto con las
variaciones naturales de la cubierta terrestre y de la radiacion solar, contribuyen a la
alteracion del sistema climatico IPCC, 2013). Asi pues, aunque se conocen numerosas
causas naturales capaces de alterar el clima terrestre, cuando se habla de "cambio climatico"
se entiende un cambio del clima atribuido directa o indirectamente a la actividad humana
que altera la composicién de la atmosfera mundial y que se suma a la variabilidad natural
del clima observada durante periodos de tiempo comparables (Definicion de la Convencion

Marco de las Naciones Unidas sobre Cambio Climatico, 1992).

Desde 1970, se ha producido un incremento de mas de un 70 % en las emisiones de GEI
de larga duracion -CO,, CH, y N,O- como consecuencia fundamentalmente del
incremento en la demanda mundial de energfa, derivada de un aumento de la poblacién y
de un cambio significativo en las costumbres y habitos de consumo. El sector energético es
el que tradicionalmente mas ha contribuido al aumento de las emisiones de GEI,
representando 2/3 del total de emisiones de GEI en el afio 2010. En concreto, las
emisiones de CO, en este sector energético constituyeron un 90 % del total de las
emisiones de GEI a la atmésfera en el afio 2010, lo que sitda a este gas como el GEI
antropogénico con mayores emisiones a la atmésfera IEA, 2013a). En los dltimos 50 afos,
la concentraciéon de CO, en la atmodsfera ha aumentado drasticamente en mas de 100 ppm,

llegando superar niveles de 400 ppm en Mayo de 2013 (ver figura 1.1).
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Figura 1.1. Concentracién global de CO; en la atméstera (1700-actualidad) medida en el

observatorio de Mauna Loa (Hawai) (Fuente: Scripps Institution of Oceanography at UC San Diego)!

El sector energético, que abarca los procesos de produccién de electricidad, calor,
productos derivados del petréleo, carbon y gas natural, es el que mas y mas rapido
contribuye a las emisiones de GEI, y de CO, en particular, y es el responsable de mas del
75 % del consumo de energfa primaria mundial IPCC, 2013). Las emisiones globales de
CO, procedentes del uso de combustibles fosiles alcanzaron un maximo histérico de 31.6
GtCO,’ en el afio 2012, 1.4 % superiores a las emisiones de CO, alcanzadas en el afio 2011
y 3.2 % superiores a las emisiones de 2010. Este aumento en las emisiones de CO, se debe
en mayor medida a un incremento en el uso de combustibles fosiles, fundamentalmente de
carbén y de gas natural que representaron el 44 % de las emisiones de CO, en 2012.
Ademas, previsiones recientes apuntan a un aumento en el consumo energético en un 56 %
para el afio 2040 con respecto al consumo de energia en el afio 2010 (EIA, 2013). Por
tanto, a la vista de estos datos, cabe destacar el importante papel del sector energético en la
lucha contra el cambio climatico para limitar el calentamiento global, y pone de manifiesto
la necesidad de una transformacién en la relacién entre desarrollo econémico, consumo

energético y emisiones de CO, (IEA, 2013a).

Como se puede ver en la figura 1.2, el sector de produccion eléctrica a nivel mundial se ha
basado tradicionalmente en el uso de combustibles fésiles como fuente primaria de energfa,

siendo el carbon la fuente principal en el mzx energético mundial seguido del gas natural.

The Keeling Curve, sitio web: http://keelingcurve.ucsd.edu/ (visitado en Octubre 2013)
2GtCO,= Gigatoneladas de CO; (107 toneladas de COy)




En el afio 2010, el 40 % de la electricidad a nivel mundial fue generada a partir de carbon,
el 22 % a partir del gas natural y el 5 % a partir de petréleo. Las energias renovables
(hidroeléctrica principalmente, y geotérmica, solar y edlica en menor medida) representaron
el 21 % de la electricidad total generada en 2010, correspondiendo el restante 12 % a la
energia nuclear, que ha experimentado un notable crecimiento en el panorama energético
mundial desde 1970 (EIA, 2013). El 45 % del incremento en el consumo de energia
primaria global observado durante el periodo 2000-2010 (figura 1.2) fue debido al carbon,
siendo China el pafs que mas contribuy6 al aumento en el consumo de carbén durante ese
periodo (~83 % del aumento en el consumo mundial de carbén provino de China), segtiin

los datos estadisticos de BP sobre consumos de energfa mundiales’.

25 000 000
20 000 000

15 000 000

GWh

10 000 Q00

5 000 000

0
1971 1973 1875 1977 1979 1981 1983 1085 1987 1989 1991 19963 1995 1987 1999 2001 2003 2005 2007 2000
| =Coal mgjl =Natural gas  Nuclear ®sHydro = Geoth e alnrhul ,|

Figura 1.2. Evolucién de la produccion eléctrica en funcién de las distintas fuentes de energfa

primaria entre 1971-2009 (Fuente: Agencia Internacional de la Energfa (AIE)%)

Por otra parte, segun la Agencia Internacional de la Energfa (AIE), la demanda eléctrica
aumentara en un 70 % sobre la demanda actual para el afio 2035, debido
fundamentalmente al rapido crecimiento poblacional y econémico de paises emergentes, y
a una politica de consumo cada vez mas centrada en el uso de electricidad (IEA, 2012b).
Aunque se prevé que la contribucion de las energfas renovables al zix energético mundial
continde creciendo, la senda energética actual indica que la dependencia de los

combustibles fésiles seguira siendo determinante en los préximos afios debido a su

SBP Statistical Review 2013, sitio web: http://www.bp.com/en/global/corporate/about-bp/statistical-
review-of-world-energy-2013/statistical-review-downloads.html (visitado en Octubre 2013)

4Datos estadisticos de la ATE, sitio web: http://www.iea.org/stats /graphresults.asprCOUNTRY CODE=29
(visitado en Octubre 2013)




accesibilidad y bajo coste, y en especial del carbén, cuya participacion en el mix energético
se prevé que aumente 3 puntos porcentuales al ano (IEA, 2008; EIA, 2013), lo que tendria
alarmantes consecuencias tanto para el cambio climatico como para la seguridad energética

mundial.

Con el objetivo de garantizar la estabilidad climatica del planeta limitando el incremento de
la temperatura media terrestre a valores en torno a 2-2.4°C (IPCC, 2007), serfa necesatio
conseguir estabilizar para el afio 2020 la concentracién de GEI a 450 ppm equivalentes’ de
CO,, denominado Escenario 450 por la AIE. Para conseguir dicho objetivo de estabilizacién,
las emisiones de CO, deberfan de alcanzar un valor maximo en torno a 30.9 GtCO, justo
antes del afio 2020, para después reducirse progresivamente (a un 2.4 % anual promedio)
hasta conseguir un valor de 26.4 GtCO, para el afio 2030. Sin embargo, en el afio 2012 las
emisiones de CO, ya superaron el valor maximo previsto por la AIE para el afio 2020 de
acuerdo con dicho Escenario 450 (IEA, 2009). Por tanto, es necesario tomar medidas
urgentes y drasticas que impliquen una rapida transformacion del sector energético mundial

para reducir las emisiones de CO, y alcanzar dicho objetivo de estabilizacion.

Las opciones que comunmente se han propuesto para reducir las emisiones de CO, a la
atmosfera en el sector energético pasan por (1) mejorar la eficiencia energética de los
procesos de conversion de energia y/o del sistema de distribucién y uso de la misma, (2)
cambiar a combustibles fésiles con un menor contenido en carbono, como el gas natural,
(3) incrementar el uso de fuentes de energfa limpia con bajo o nulo contenido en carbono,
como las energias renovables o la energfa nuclear, y por ultimo, el (4) uso de tecnologias de
Captura y Almacenamiento de Carbono (CAC), que separan el CO, generado en los
procesos de combustion o procesos industriales para su posterior almacenamiento
subterraneo  (IPCC, 2005, 2007). Los modelos desarrollados por el Panel
Intergubernamental sobre el Cambio Climatico IPCC), en funcién de diversos escenarios
de desarrollo econémico, demografico y tecnolégico, atribuyen a la CAC un potencial de
reduccion de emisiones de CO, de entre 15 y 50 % con respecto del total de reduccién de
emisiones conseguido por el resto de medidas citadas anteriormente (ver figura 1.3). De

esta forma, la CAC es una medida imprescindible para la utilizacién de combustibles fosiles

SUnidad de medicién utilizada para indicar la cantidad de CO: que ocasionarfa (durante un horizonte
temporal dado) la misma influencia térmica (mismo potencial de calentamiento global) a lo largo del tiempo
que una cantidad emitida de un GEI de larga permanencia o de una mezcla de GEI



como puente hacia un sistema energético sostenible. En el sector industrial (acero, hierro,
cemento y procesamiento del gas natural), la CAC se plantea como la unica alternativa para
conseguir alcanzar los objetivos de reducciéon de emisiones de CO,, ya que el combustible
tésil empleado a menudo constituye una parte intrinseca del propio proceso productivo.
En el sector eléctrico, se estima que la ausencia de la CAC harfa que la inversién de capital
necesaria para conseguir la misma reduccién de emisiones de CO, se viese incrementada en
un 40 % (IEA, 2012a), ya que la principal ventaja de la CAC es que, a nivel de costes
adicionales, es compatible con la mayor parte de la infraestructura energética existente.
Todas las predicciones apuntan a que la inclusién de la CAC en el panorama energético
sera mas importante a partir de la segunda mitad del siglo XXI (ver figura 1.3) conforme las

distintas tecnologfas de CAC se vayan desarrollando e implantando (IEA, 2013b).
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Figura 1.3. Contribucién de las distintas opciones de reduccion de emisiones de CO; a las
emisiones globales en un escenario de alto desarrollo econémico y tecnolégico (Fuente: IPCC

(2005))



1.2. Captura, Transporte y Almacenamiento CO,

El principal objetivo de toda tecnologia de CAC es generar una corriente concentrada de
CO, adecuada para su posterior transporte hasta un lugar de almacenamiento permanente y
seguro. Esta tecnologia resulta adecuada para grandes fuentes estaticas emisoras de CO, (>
0.1 MtCO, al afio), tales como centrales térmicas (CT), refinerfas de petréleo, cementeras,
etc..., que normalmente utilizan fuentes de energia fésil o biomasa como materia prima.
Fuentes emisoras de CO, moviles y de menor tamafio, como el sector transporte o
pequefios nucleos residenciales que emiten CO, debido al uso de combustibles para
generacion de calor o electricidad, se consideran fuera de la aplicacién de la CAC ya que
resulta mas dificil y costosa su aplicacion. Sin embargo, estas fuentes de emisiones
distribuidas podrian ver reducidas sus emisiones de CO, si se sustituye el combustible f6sil
actual por un vector energético, como el hidrégeno y/o las baterias eléctricas, obtenido a

partir de procesos que incluyan CAC.

1.2.1. Captura de CO,

La etapa de separacion o captura de CO, es clave en todo el sistema de CAC ya que
representa en torno a 75-80 % del coste total (captura, transporte y almacenamiento)
(IPCC, 2005; Davison, 2007). En funcién del punto del proceso en el que se separa el CO,,
se distinguen fundamentalmente tres tipos de tecnologias de captura de CO,, que se

representan esquematicamente en la figura 1.4.
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Figura 1.4. Esquema general de las distintas tecnologias de captura de CO; (adaptada de IPCC
(2005))

Tecnologias de captura de CO, en post-combustion. El gas de combustioén generado al
quemar carbén o biomasa con aire en una caldera se hace pasar por un equipo en el que se
separa la mayoria del CO, presente en el gas, de modo que el resto del gas no separado
(fundamentalmente N,) se expulsa a la atmoésfera. En principio, este tipo de sistemas de
captura de CO, interfieren minimamente en el propio proceso en el que se integran, y
permiten ser acoplados directamente en centrales eléctricas existentes. Sin embargo, el
sistema completo de captura de CO, es muy costoso (comparable al coste de la central
existente) y requiere de un gran flujo de calor para su operacion, lo que reduce

drasticamente el rendimiento energético del sistema al que va acoplado (IPCC, 2005).

Tecnologias de captura de CO, en pre-combustion. El CO, se separa antes del proceso
de combustién. En estos sistemas, el combustible se transforma en un gas de sintesis (CO e
H,) mediante un proceso de gasificacion (si el combustible es carbéon o biomasa) o de
reformado (cuando el combustible es gas natural o derivados ligeros del petréleo). El gas
obtenido de esta primera transformacion se hace pasar por una segunda etapa de ajuste o
desplazamiento de agua (mas conocida por su nombre en inglés Water Gas Shift, WGS) para

favorecer la conversion del CO a CO,, y asi facilitar su posterior separacion y la generacion
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de H, adicional. Tras separar el CO,, el gas que se obtiene es rico en H, y se podria usar
como combustible en turbinas de gas para produccién de electricidad. Esta tecnologia de
captura de CO, es mucho mas compleja que la anterior cuando se aplica a una central de
produccion eléctrica, ya que implica modificaciones en el propio proceso de produccion de
H, (para obtener el CO, concentrado y facilitar su separaciéon) y en el sistema de
producciéon de electricidad (todavia hoy centrado en el uso de gas natural como
combustible). Por tanto, su aplicacion resulta mucho mas apropiada para plantas de nueva
construccion. Sin embargo, las condiciones del proceso son mas favorables para la captura
de CO, (normalmente mayores presiones parciales de CO,) que en post-combustion.
Ademas, los principales bloques tecnoldgicos son muy maduros en la industria quimica (de
fertilizantes, refinerfas y otros usos industriales de H,) por lo que los costes adicionales de

captura en CT pueden ser muy competitivos.

Tecnologias de captura de CO, en oxi-combustion. La corriente de CO, concentrada
se separa en el propio proceso de combustion al emplear como oxidante una corriente de
O, cast puro, en vez de utilizar aire como en los procesos tradicionales de combustion. De
este modo, eliminando el N, del gas de combustion, los principales compuestos van a ser
CO, y H,O (facilmente separable por condensacion). Estos sistemas de captura necesitan
modificaciones en la caldera de combustién para adaptarse al uso de O, en vez de aire
(disefio de quemadores, sistema de control de temperatura,...), y necesitan un sistema de
separacion de aire (comunmente mediante destilacion criogénica) que les suministre el O,
necesario en la combustiéon. En la actualidad se esta trabajando para reducir el consumo
eléctrico de estas unidades de separacion de aire, con el objetivo de minimizar la
penalizaciéon energética en la CT al implementar la tecnologfa de oxi-combustion. La
adaptacion de la oxi-combustion a las CT existentes es s6lo posible cuando la central es de

nueva construccion y/o se abordan costosas modificaciones.

Una alternativa dentro de este grupo de tecnologias, con gran actividad de I+D, es el
proceso conocido como  Chemical 1Looping Combustion (CLC) o Combustion con
transportadores de oxigeno, que se basa en la transferencia de O, del aire al combustible
mediante un transportador sélido de oxigeno, evitando asi un contacto directo entre aire y
combustible. Este tipo de tecnologia emergente ha progresado mucho en los dltimos afios

con combustibles gaseosos, aunque existe un interés creciente a su aplicaciéon a



combustibles solidos, y cuenta con la principal ventaja de poder prescindir de la costosa
unidad de separacion de aire necesaria en otros sistemas de oxi-combustion (Adanez et al.,

2012).

Existe un cuarto grupo de tecnologias de captura de CO, en plantas industriales en las que
se separa una corriente concentrada de CO, como parte del proceso productivo o con fines
de mejorar la calidad del producto final u obtener productos de alto valor afiadido. Los
principales procesos industriales en los que se separa el CO, son centrales de refinamiento
de gas natural, en las que el CO, separado se expulsa a la atmosfera, y plantas de
produccién de amoniaco, en las que la mayoria del CO, separado se usa para produccion de
urea. Otros ejemplos industriales en los que existe la posibilidad de separar una corriente
concentrada de CO,, pero que no se separa, son cementeras y plantas de produccion de
hierro o acero. En funcién del proceso industrial, la tecnologia de captura de CO, que se
usa es diferente. En la actualidad existen varias plantas industriales de extraccion y
refinamiento de gas natural en las que el CO, separado no es expulsado a la atmésfera sino
que se almacena geoldgicamente para CAC. Estas plantas se describen en la seccion 1.2.3

relativa al almacenamiento de CO,.

Tal y como puede verse en la figura 1.4, todas las tecnologias de separaciéon de CO,
descritas incluyen una etapa en la que se obtiene una corriente concentrada de CO,, que
puede realizarse, en términos globales, mediante tres tipos de tecnologias:
absorcién/desorcion con un solvente liquido o sorbente sélido, membranas y/o destilacién
criogénica. En el sistema basado en la absorciéon con un solvente liquido o sorbente solido,
que se representa esquematicamente en la figura 1.5 (a), el gas que contiene el CO, a
separar se pone en contacto con el material capaz de absorber o reaccionar con el CO,.
Dicho material cargado con CO, (denominado genéricamente 'sorbente’ en la figura 1.5 (a))
se transfiere a una segunda unidad de reaccién en la que se aporta la energfa necesaria para
su regeneracion (en forma de calor, cambio de presion o cualquier otra forma de energfa
que implique cambio en dicho sorbente), liberando el CO, capturado y generando una
corriente de CO, concentrada que debera ser acondicionada para su posterior compresion y
almacenamiento (IPCC, 2005). En los sistemas de separaciéon basados en el uso de
membranas (figura 1.5 (b)), el mecanismo de separaciéon se basa en la diferencia de

permeabilidad que presentan las membranas con respecto a los distintos compuestos de la



mezcla de gases, que permite a uno de los gases ser selectivamente separado al permear
hacia el otro lado de la membrana. Dado que la principal fuerza impulsora para la
separacion de un gas mediante una membrana es el gradiente de presiones parciales de este
gas a ambos lados, éste tipo de sistema de separacion resulta mas adecuado para procesos
que operen a presion. Por dltimo, en el grupo tecnologias de separacion de CO, basadas en
el método de destilaciéon criogénica el gas, una vez eliminado H,O y SO,, se comprime y
enfria hasta condensar el CO, y lograr su separacion del resto de gases en una columna de
destilacion. Este método criogénico se usa actualmente a escala comercial para obtener una
corriente de O, puro a partir de una corriente de aire dentro del grupo de tecnologfas de
captura de CO, en oxi-combustion. Sin embargo, su aplicacién como tecnologia de
separacion de CO, unicamente resultaria eficaz para procesos que operasen a presion, con
concentraciones de CO, en el gas de 50-70 %vol., y por este motivo, este método

criogénico no se ha representado en la figura 1.5.

(a) Absorcién/desorcion (b) Membranas
Gas (bajo contenido GasA GasB
CO,) co,

Sorbente +
CO,

Regeneracion
Captura CO, - S

Sorbente

Gas (CO,) Sorbente  Sorbente Gas (A+B)
fresco usado

Figura 1.5. Representacién esquematica de los métodos de obtencién de una corriente concentrada
de CO, mediante: (a) solvente liquido o sorbente solido, (b) membranas (donde B puede ser CO»,

H,u O)

El alcance y objeto de los trabajos desarrollados en esta Tesis Doctoral se limita a nuevas
tecnologias de captura de CO, en post- y pre-combustion, por lo que en los siguientes
apartados 1.2.1.1 y 1.2.1.2 se realiza una revision mas detallada del estado del arte de los

distintos métodos de separacion en estas dos rutas de proceso.
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1.2.1.1. Tecnologias de captura de CO, en post-combustion

La mayor parte de los procesos de combustion generan un gas a presiéon cercana a la
atmosférica con una presion parcial de CO, entre 3 (en el caso de ciclos combinados de gas
natural, CCGN) y 15 kPa (para el caso de calderas de combustiéon de carbén). Los procesos
mas desarrollados de captura de CO, en post-combustiéon para el caso de CT de carbén se
localizarfan tras el sistema de limpieza de gases (eliminaciéon de NOx, precipitador
electrostatico y desulfuracion), justo antes de la chimenea. Para el caso de CCGN, el gas de
combustién no necesita tratamiento de limpieza de particulas y/o desulfuracion, y tras ser
enfriado en la caldera de recuperacién hasta temperaturas aproximadamente de 110°C, se

introducirfa al sistema de captura de CO, (IPCC, 2005).

Dentro de los dos grandes grupos de procesos de absorcién/desorcién y de membranas
que se han descrito como tecnologias de separacion de CO,, es posible distinguir con algo
mas de detalle los distintos métodos descritos en la tabla 1.1, que han sido clasificados en
funcién del mecanismo intrinseco de separacion. En dicha tabla se describe de forma
general en qué consiste cada método, sus ventajas e inconvenientes, asi como su estado
actual o investigacién que se estd llevando a cabo. Estos métodos pueden ser comunes a las
tecnologias de captura de CO, en post- y en pre-combustion, aunque en cada caso cada

uno de los métodos se encuentra en distinto nivel de desarrollo tecnolégico.
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Tabla 1.1. Principales caracteristicas de los diferentes métodos de separacién de
la obtencion de una corriente concentrada de CO;

Descripcion

Ventajas

Inconvenientes

COz de gases para

Estado del arte

Necesidad de enftiar y Busqueda de solventes
ABSORCION El gas frio (40-60°C) se Experiencia a gran eliminar las impurezas con menor energfa de
E pone en contacto con escala en el ambito en el gas (O, SO,, NO,, regeneracion, mejor
QUIMICA el solvente organico en de purificacién gas hollin y cenizas) para cinética e inhibidores
-solventes una torre de absorciéon natural evitar degradacion del mas eficaces, baratos,
orginicos: MEA, (presion en el rango de Adecuado para solvente mas resistentes y menor
DEA, MDEA, 1-65 bar) presiones patciales Penalizacion energética impacto ambiental
DGA, mezclas CO; bajas (en torno a elevada debido al Estudio del uso de
La regeneracién del 10 kPa) consumo energético en solventes inorganicos
solvente tiene lugar en Eficacias de captura la regeneracion (K2CO3, N2,COs3,
una torre de desorciéon | muy altas (80-95 %) Tamafio absotbedor NH3) con menor
a 100-140°C gracias al Obtencién de una considerable para consumo energia en la
aporte externo de cortiente de COz de | eficacias de captura altas tegeneracién, mas
energfa alta pureza (>99.9 Corrosién materiales resistentes y mayor
%vol.) Dificil recuperacién de capacidad de absorcién
calor CO,
El gas se pone en Baja corrosividad de Retencién de otros Investigacion de
ABSORCION contacto con el los solventes gases solventes con mayor
FISICA solvente a baja Menor consumo de Necesidad de alta solubilidad de CO; que
. temperatura y alta energfa en la presion (>20 bar) y/o se regeneren con
Rectisol presion para disolver el regeneracion alta concentracién de cambio de presion (sin
(metanol), Selexol CO, Escasa degradacion CO; (>15 Y%vol.) aporte de calor)
(DMPEG), La regeneracion tiene del solvente (no Necesidad de lavado del | Estudio de procesos en
Coastal AGR lugar reduciendo la existe reaccion gas producto pata evitar multiples etapas para
(DMPEG) ... presién o aumentando quimica) pérdidas de solvente separar mas
la temperatura compuestos
Necesidad de elevada Investigacién de formas
MEMBRANAS El gas se pone en Tecnologia sencilla concentracion del gas a de aumento de
Poliméricas contacto con una con experiencia separar selectividad, flexibilidad
membrana, a través de comercial Consumo energético del proceso y mejora de
la cual el gas difunde y pata crear diferencia de pureza del producto
se separa del resto de Facil y rapido presion a ambos lados
compuestos arranque Necesidad de limpieza | Busqueda de materiales
del gas para evitar mas resistentes térmica
degradacién quimica y quimicamente
El gas se hace pasar a Inapropiado para Investigacion de
ADSORCION través de un lecho de Purezas del CO, concentraciones de CO; | adsorbentes para CO a

zeolitas, geles de
silice, carbon
activo, alimina

matetial adsorbente
quedando retenido el
CO;, mediante fuerzas
superficiales
La desorcién del CO,
tiene lugar
disminuyendo la
presién o aumentando
la temperatura

recuperado de hasta
99 Y%vol. segin las
etapas de desorcion

Alta estabilidad de las
propiedades del
adsorbente con los
ciclos

altas debido al elevado

consumo de energia en
la regeneracion

Adsorcion del CO; en

competencia con el

resto de gases

Necesidad de enfriar y

eliminar la humedad del

gas a tratar

alta temperatura, mayor
selectividad a CO2 y
bajo coste
Estudio de formas de
mejora de velocidad y
capacidad de absorcién
Busqueda de la
configuracién 6ptima
reactores

El gas se pone en
contacto con el

Adecuados para

Escasa estabilidad

SORBENTES gases a alta quimica y/o fisica en Estudio de mecanismos
OLIDOS sorbente a temperatura temperatura (en algin caso de mejora de capacidad

A . moderadamente alta y algiin caso) absorcién y estabilidad
Oxidos metalicos reacciona con el CO,. Cinética lenta y

(Mg, Li, Na, K), La regeneracion del Posibilidad de capacidad de absorcién

silicatos, sorbente y liberacién recuperacién de baja en algtin caso

zirconatos, del CO; ocutre energfa a alta (dopado)

aumentando la temperatura (en
temperatura algtin caso)

CARBONATACI | EICO; reacciona con Operacién a Hscasa estabilidad Preparaciéon de
ON- el CaO a 600-700°C y temperatura elevada quimica del CaO materiales de CaO
CALCINACION | selibera al aumentar la que permite una proveniente de Analisis de

temperatura hasta 900-
950°C

recuperacion
eficiente de energfa

sorbentes naturales

configuraciones que
reduzcan el consumo
de energfa
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Como se indica mediante un sombreado mas oscuro en la tabla 1.1, los procesos mas
desarrollados y comerciales de separacion de CO, aplicables a gases de combustion (post-
combustién), consisten en procesos de absorciéon quimica. LLos sistemas mas comunes en la
industria quimica y petrolera son los sistemas de absorciéon quimica mediante solventes
organicos (principalmente aminas primarias, secundatias y/o mezclas entre ellas), cuyas
principales caracteristicas son las que se incluyen en la tabla 1.1. Sin embargo, a pesar de su
disponibilidad a escala comercial, estos sistemas de absorcion no se encuentran disponibles
al tamafio necesario para ser aplicadas en grandes CT. Su escalado y aplicaciéon como
tecnologia de captura de CO, en gases de combustion de grandes CT cuenta con
importantes limitaciones como consecuencia de la baja presion parcial de CO, en estos
gases, asi como del importante consumo energético necesario en la regeneracion de la
amina. Ademas, la presencia de determinados compuestos en el gas de combustion dificulta
el proceso, ya que obliga a instalar sistemas de limpieza y acondicionamiento del gas de
combustiéon mas exhaustivos para limitar el contenido de NOx, SO, y particulas por debajo
de ciertos valores antes de pasar por el sistema de captura de CO,, y asi evitar reacciones
indeseadas, corrosion, degradacion de la amina, y en definitiva, pérdida de solvente. Al
reaccionar con el CO,, el caracter corrosivo de la amina se vuelve muy importante, lo que
obliga a usar inhibidores de la corrosion, asi como a reforzar con materiales mas resistentes
aquellas zonas del sistema expuestas a altas concentraciones de CO,, lo que conlleva un
aumento importante del coste del proceso (KKohl and Nielsen, 1997; Rao and Rubin, 2002;
IPCC, 2005). Existen plantas de absorcién con aminas operando actualmente para eliminar
CO, de una corriente de gas de combustion, aunque no con fines de CAC, como por
ejemplo la central de carbon de 180 MW de Warrior Run en EEUU, en la que se separan
150 tCO, al dia (~2.5-5 % del CO, generado en la CT) para su uso en sistemas de extinciéon

y produccion de hielo seco.

LLa amina mas utilizada es la monoetanolamina (MEA) debido a su relativo bajo coste y a su
capacidad de alcanzar eficiencias de captura entre 75-90 % a presiones parciales de CO,
reducidas (Rao and Rubin, 2002). Sin embargo, la MEA se degrada quimicamente debido al
caracter oxidante del gas de combustién, ocasiona problemas de corrosion y necesita de un
gran aporte de energia en su etapa de regeneracion (2.7-4.8 GJ/tCO,), lo que se traduce en
importantes reducciones en el rendimiento neto de la planta con respecto del proceso sin
captura de CO, (Davison, 2007). En base a los resultados publicados en la bibliografia

sobre el uso de esta tecnologia de absorcion en centrales de generacion eléctrica de mayor
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escala, la implantaciéon de un sistema de absorciéon con MEA convencional en una CT de
carbon existente (33-37 % de rendimiento eléctrico, basado en PCI del carbén) implicaria
una disminucién en el rendimiento de hasta 12-15 puntos, algo mayor a la caida de
rendimiento que se producirfa si se tratase de una nueva CT supercritica de carbon (45-47
% de rendimiento), que estarfa en torno a 10-12 puntos (IPCC, 2005; Aroonwilas and
Veawab, 2007; Davison, 2007; Rubin et al., 2007; Romeo et al., 2008b). Sin embargo, para
el caso de un CCGN, cuyo rendimiento eléctrico se encuentra en torno a 55-58 %, la
disminucién de rendimiento reportada en la bibliografia se encontraria en torno a 7-9
puntos al implantar un sistema de absorcién quimica con MEA convencional (Bolland and
Undrum, 2003; Davison, 2007; Rubin et al., 2007; Amrollahi et al., 2012; Karimi et al,,
2012). Estos rendimientos se corresponden con una eficacia de captura de CO, del 85-90

% en todos los casos.

Se esta estudiando el uso de aminas secundarias (DEA, EDA), mezclas de aminas (MEA-
MDEA) y/o aminas estéricamente impedidas en procesos de absorcion de CO, en gases de
combustiéon con el objetivo principal de reducir la energia necesaria en la etapa de
regeneracion, asi como reducir el caracter corrosivo con respecto de la MEA. Sin embargo,
a menudo estas aminas tienen un coste mas elevado o incluso una velocidad de absorcion
de CO, menor, que se traducirfa, en definitiva, en un mayor coste de instalacion. Se esta
investigando la posibilidad de mezclar estas aminas con determinados compuestos
inorganicos, como por ejemplo K,CO;, que mejorarfan la velocidad de absorcion.
Finalmente, se esta estudiando el uso de amoniaco como una alternativa a la MEA como
tecnologia de captura de CO, en post-combustion mediante absorciéon quimica, ya que es
mucho menos corrosivo y mas resistente a la degradacion en presencia de O, u otros

contaminantes (Wang et al., 2011a).

El siguiente tipo de procesos de absorcion considerado en la tabla 1.1 se refiere a procesos
de absorcion fisica, aplicables inicamente a corrientes concentradas en CO,, que son poco
habituales en sistemas de combustién a presion atmosférica como los usados en CT
actuales. Por ello, este método de separacion se revisara con mas detalle en la siguiente
seccion 1.2.1.2. Ademas, no se ha detectado actividad de investigaciéon en la linea de

absorcion fisica para sistemas de post-combustion.
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Con el principal objetivo de reducir el consumo de energfa y minimizar la penalizacién en
la CT existente al emplear los sistemas de absorciéon quimica con aminas para separacion de
CO,, se han propuesto procesos alternativos como la adsorcion con sélidos, reaccion con
sotbentes sélidos y/o el uso de membranas de CO, (descritas de forma general en la tabla
1.1). Aunque no han alcanzado la misma madurez tecnoldgica que la absorcién con aminas,
estas tecnologias presentan importantes ventajas que las pueden hacer muy competitivas en
un corto/medio plazo como tecnologias de captura de CO, en post-combustién. Por ello,
existe un intenso esfuerzo de investigacion en este area en todo el mundo. A continuacién
se describe con mas detalle el estado de cada una de ellas como tecnologia de captura de

CO, en post- combustion.

La aplicacion de membranas como sistema de captura de CO, de gases de combustion se
encuentra en fase de I+D y esta limitada por la baja concentracion del CO, y por la presion
en el gas de combustion a tratar. El tipo de membranas mas adecuadas para esta aplicacion
son aquellas que implican una absorcion del CO, en la membrana, como por ejemplo las
membranas de transporte facilitado (Brunetti et al., 2010). Sin embargo, este tipo de
membranas operan a baja temperatura y con gases libres de vapor, SO, y NO, para evitar
su degradacion térmica y quimica, lo que limitarfa su aplicacion en post-combustion. Existe
una gran variedad de membranas actualmente bajo estudio (poliméricas, de matriz mixta,
inorganicas, basadas en tamices moleculares...) como sistemas de separacion de CO, de
gases de combustién, en las que se esta investigando que cumplan las siguientes
caracteristicas deseables: excelente estabilidad fisica, térmica y mecanica, alta selectividad al
CO,, con mayor flujo de CO, a su través y por tanto menor area necesaria, asi como facil
procesado y bajo coste (Brunetti et al., 2010). No obstante, el uso de membranas para
separacion de CO, en gases de combustion tiene el principal inconveniente de introducir
penalizaciones energéticas importantes al proceso, debido a la baja concentraciéon de CO,
en estos gases, y de conseguir porcentajes de recuperacion y de pureza de CO, mas bajos

en relacion al método comercial de absorcién quimica

El siguiente método de separacion de CO, de gases de combustion recogido en la tabla 1.1
corresponde a sistemas de captura de CO, mediante adsorcion, que son comerciales para
separaciones industriales de CO, operando a presién y que estan en una fase activa de I+D

como sistemas de captura de CO, en post-combustiéon (Samanta et al., 2012). En estos

15



sistemas, el gas de combustién se pone en contacto con un soélido adsorbente de manera
que el CO, se transfiere hacia la superficie del sélido con el que establece interacciones
superficiales de tipo Van der Waals. Este tipo de interaccion débil y reversible permite que
la regeneracién del sorbente se pueda llevar a cabo facilmente mediante cambios en la
presion y/o la temperatura. Existe una gran variedad de adsorbentes que podtian ser
adecuados para separar el CO, presente en un gas de combustion: zeolitas, carbones
activados, geles de silice, tamices moleculares o las redes organometalicas (MOFs y
MMOFs). Los adsorbentes que mas atencion han recibido son las zeolitas y los carbones
activados, que han demostrado capacidades de adsorcion de CO, de hasta 5.7 y 3.2 mmol
CO,/g adsorbente, respectivamente, similares a las obtenidas para la MEA (3-4 mmol/g)
(Choudhary et al., 1995; Na et al., 2001). Sin embargo, las condiciones en las que se
obtienen estas capacidades de adsorcién (temperatura y presion ambiente en atmosfera de
100 %vol. CO,) son muy diferentes a las que se encontrarfan en el gas de combustiéon de
una CT, en el que ademas se tiene vapor que quedaria fuertemente retenido en estos
adsorbentes. Por ello, su aplicacién como sistemas de captura de CO, se encuentra por el

momento muy limitada.

Existen ademas varios adsorbentes capaces de retener CO, a temperaturas mas elevadas
que los anteriores y que permitirfan por tanto una mejor integraciéon en el proceso de
generacion de energfa, como por ejemplo la hidrotalcita. Las hidrotalcitas son compuestos
naturales o sintéticos, basados en una mezcla de carbonatos de Mg y Al, que presentan un
mecanismo de retenciéon de CO, fisico-quimico, que las hace adecuadas como sorbentes de
CO, en un rango de temperatura de 300-400°C. Este material mejora su capacidad de
adsorcion al aumentar la presion de CO, y al ser 'dopado’ con un carbonato alcalino de K,
mientras que la desorcion resulta mas eficiente si se introduce a modo de purga una mezcla

de H,O/N, (Harrison, 2008).

El uso de sélidos regenerables como sorbentes para la captura de CO, en post-combustion
es una de las tecnologias con mayor desarrollo en los dltimos afios. En este caso se produce
una reaccion quimica superficial del CO, con parte del sorbente sélido. Para el desarrollo
de estos sistemas y su escalado se requiere un estudio de los posibles sorbentes candidatos.
Las principales caracteristicas que se buscan en un sorbente son una elevada capacidad de

absorcion de CO,, adecuada estabilidad quimica y mecanica con los ciclos de
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absorcién/regeneracion y coste reducido. Algunos de los sélidos regenerables que estin

siendo investigados se basan en 6xidos de Li, Na, K, Mg y Ca (Zhao et al., 2013).

Los soélidos basados en Li, como el Li,ZrO; o el Li,SiO,, han resultado ser adecuados en el
laboratorio como sorbentes solidos de CO, mediante la formacién de Li,COj; en un rango
de temperatura de 450-600°C (Kato et al., 2002b) y a presiones cercanas a la atmosférica
para poder regenerar a 700-750°C, manteniendo una capacidad de absorcion de CO,
estable durante numerosos ciclos de absorcién/desorcion. Sin embargo, tienen el
inconveniente de que sus cinéticas de reacciéon son lentas y por ello, a menudo son
'dopados' con carbonatos alcalinos (I, Na, Mg 6 Li) para aumentar su velocidad de
reaccion, lo que a menudo provoca que su capacidad de absorcion de CO, se vea reducida
(Fauth et al., 2005; Ochoa-Fernandez et al., 2007; Seggiani et al., 2011). Los sélidos basados
en Na, como el NaOH 6 Na,CO;, tienen el inconveniente de que resultan adecuados como
sorbentes de CO, a temperaturas muy bajas (~25°C), lo que se traduce en penalizaciones
energéticas muy altas debido a la dificultad de recuperar energia (Siriwardane et al., 2007).
Sin embargo, se encuentra en desarrollo un sorbente basado en NaOH/CaO que presenta
una alta capacidad de absorciéon de CO, en torno a 350°C, y que se regenera en presencia
de vapor en torno a 700°C. Las condiciones en las que se lleva a cabo tanto la regeneracion
como el enfriamiento entre las etapas de absorcion/regeneracion son determinantes en su
capacidad de absorciéon de CO, (Siriwardane et al., 2007). Los materiales basados en MgO
resultan adecuados para absorcion de CO, a temperaturas en torno a 300°C, y se
caracterizan por su bajo coste y su alta capacidad y cinética de absorcién. Estos materiales
se proponen generalmente para sistemas de desulfuracion y captura de CO, en procesos de
gasificacion en los que la presion parcial de CO, es elevada (Hassanzadeh and Abbasian,

2010).

Por dltimo, se han desarrollado rapidamente en los dltimos 20 afios una familia de procesos
de separacion de CO, que hace uso de CaO como sorbente regenerable de CO,, y que se
denominan de 'Calcium Looping', 'Carbonate Looping' o de carbonatacion/calcinacion. La
principal ventaja de estos procesos radica en el hecho de que las etapas de absorciéon y de
regeneracion del CaO ocurren a alta temperatura, permitiendo recuperar gran parte de la
energfa introducida al proceso e integrarla con la planta emisora del CO, capturado para

reducir la penalizacion energética. Esta Tesis Doctoral se basa en la investigacién y
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desarrollo de estos procesos, por tanto, la revisiéon sobre el estado del arte de los mismos se

realiza detalladamente en la seccién 1.3.

1.2.1.2. Tecnologias de captura de CO, en pre-combustion
Los procesos de captura de CO, en pre-combustion se caracterizan por separar el CO,
antes del proceso de combustiéon. Como se ha descrito anteriormente, en estos sistemas el
combustible se transforma en un gas de sintesis (CO e H,) mediante un proceso de
gasificacion o de reformado y, a continuacion, se hace pasar por una segunda etapa de
WGS para favorecer la conversion del CO a CO,, facilitando asi su posterior separacion y
aumentando la generacién de H,. Tras separar el CO, mediante cualquiera de los métodos
resumidos en la tabla 1.1, se obtiene un gas rico en H, del que puede ser util separar una
corriente de H, practicamente puro mediante una unidad de adsorcién o una membrana
selectiva al H,, o que se puede usar como combustible en dispositivos adecuados para ello,
generando H,O como principal producto de combustion. El esquema general de estos

procesos de captura de CO, en pre-combustion se representa en la figura 1.6.

Hidrégeno

Purificacion

Gas rechazo (H,,
H,O CO, CHy, H,0, Ny)

mamg  Produccion WGS Electricidad
gas sintesis (ref%rglaedﬂgo - s - Calor

Combustible Electricidad y I«eA

Figura 1.6. Representacion esquematica de los sistemas de captura de CO» en pre-combustion para

produccion de electricidad y/o hidrégeno

Entre las tecnologfas existentes en la actualidad para produccion de electricidad a partir de
carbon, en las que resulta facil integrar un proceso de captura de CO, en pre-combustion,
destaca la Gasificaciéon Integrada con Ciclo Combinado (GICC), que presenta un alto
rendimiento de produccion de electricidad (38-47 % sin captura de CO,) (IPCC, 2005). La

gasificacion del carbon tiene lugar a alta temperatura (hasta 1500°C) y a presiones elevadas
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en el rango de 40-60 bar, empleando normalmente O, y vapor como agentes gasificantes
para aumentar la presion parcial del CO, a separar. El gas de sintesis obtenido, una vez
limpio de particulas, alquitranes y SO,, se usa como combustible en la camara de
combustién de la turbina de gas del ciclo combinado. Cuando se considera la posibilidad de
integrar un sistema de captura de CO,, el gas de sintesis (limpio de particulas) se pasaria por
una unidad WGS en la que el CO reacciona con H,O y se convierte en CO, e H,,
obteniéndose asi un gas con alto contenido en CO, que se someterfa a una ectapa de
separacion del H, para su uso combustible. La técnica de separaciéon de CO, mas adecuada
para este proceso es la absorcion fisica debido a la alta presion a la que se encuentra el gas
(a menudo se propone Rectisol o Selexol), aunque también serfa posible aplicar la
tecnologia de absorciéon quimica con aminas. Existe una planta de piloto de 14 MW
térmicos instalada en la CT de GICC de Puertollano (Ciudad Real), en la que se ha
demostrado con éxito la integracién de un proceso de captura de CO, en pre-combustién
pata producir de 2 ton/dia de H, puro, empleando absorciéon quimica con MDEA como
método de separacion de 100 tCO,/dia del gas a la salida de la segunda etapa de WGS
(Casero et al., 2014).

Con respecto al uso de hidrocarburos liquidos o gaseosos, la tecnologfa comercial que
existe en la actualidad para la producciéon de H, con captura de CO, es el reformado con
vapor, debido a su rentabilidad y alta eficiencia en la produccién de H, a gran escala. El
proceso mas extendido es el reformado de gas natural, aunque también es posible tratar
otros hidrocarburos ligeros como las naftas IPCC, 2005). Una vez eliminado el azufre y
descompuesto los hidrocarburos mas pesados, el gas natural se introduce en el reactor de
reformado, que opera normalmente a 800-900°C y presiones de 15-30 bar, en donde tiene
lugar la reaccién endotérmica de reformado entre el CH, y el vapor en presencia de un
catalizador de niquel (Rostrup-Nielsen et al., 2002). La gran cantidad de energfa necesaria
en esta reaccion y la elevada temperatura necesaria para conseguir una conversion adecuada
de CH, hacen que, habitualmente, este reactor de reformado se encuentre en el interior de
un horno en el que se quema gas natural adicional con aire para suministrar la energia
necesaria. Sin embargo, existen otras alternativas para llevar a cabo esta etapa de reformado
bien de forma auténoma o bien generando un excedente de energfa. Estos procesos son el
reformado autotérmico y la oxidacién parcial, respectivamente, que alimentan O, al
reformador con el objetivo de quemar parcialmente el combustible y aportar asf la energfa

para la reacciéon endotérmica de reformado. En cualquier caso, tras la etapa de enfriamiento
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y de WGS, el gas contiene fundamentalmente H, y CO, (contenido en CO inferior a 3
%vol.) y se somete a un proceso de absorcion quimica con aminas para separar el CO,. El
gas resultante, principalmente H,, CO y CH, sin reaccionar, puede emplearse directamente
como combustible en una caldera o turbina de gas, o bien pasar por una unidad de
purificaciéon de H, mediante adsorcion fisica, para conseguir un producto con una pureza
de H, superior a 99.999 %vol., adecuado para ser utilizado como reactivo o en pilas de
combustible. Generalmente este tipo de plantas llevan a cabo la separacién de una corriente
de CO, practicamente puro, aunque no con fines de almacenamiento geolégico, sino para
su uso en la industria alimentaria o para ser expulsado a la atmosfera directamente desde la

unidad de desorcion.

De acuerdo con el esquema general de un sistema de captura de CO, en pre-combustién
(figura 1.6), existe un grupo de tecnologias emergentes en fase de investigaciéon que
proponen combinar las etapas de produccion del gas de sintesis y/o de WGS con la etapa
de separacion del CO,, con el objetivo de simplificar el proceso, mejorar la eficiencia de
produccién de H, y reducir los costes de produccion. Una posibilidad se basa en introducir
una membrana selectiva al H, en el interior del reactor de reformado capaz de operar a
temperaturas de hasta 1000°C, a través de la cual se separa continuamente el H, de la fase
gas conforme se va formando en la reacciéon de reformado. De este modo, el equilibrio de
reformado se ve termodinamicamente favorecido hacia la formacién de H, adicional y es
capaz de operar a temperaturas mas bajas que las necesarias en el reformado convencional
(500-600°C). LLas membranas mas comunes para esta aplicaciéon son las membranas densas
de Pd/Ag dada su permeabilidad y selectividad en las condiciones a las que opera el reactor
de reformado. A lo largo de los ultimos afnos, numerosos estudios experimentales y de
modelizacién se han llevado a cabo no sélo para demostrar la viabilidad de este concepto,
sino también para tratar de reducir costes y mejorar las caracteristicas de disefio, el
funcionamiento y la eficiencia de esta tecnologia (Chen et al., 2003a; Chen et al., 2003b;
Jordal et al., 2004; Fayyaz et al, 2005; Chen et al, 2008). Uno de los principales
inconvenientes de esta tecnologia es la baja presion a la que se genera la corriente de H, en
el lado del permeado. Sin embargo, cuando no se necesita una alta pureza de H, (por
ejemplo, para uso como combustible en turbinas de gas) es posible emplear una mayor
presion total en el lado del permeado o un gas de barrido a presion que facilite la difusion
de H, sin necesidad de una compresiéon posterior (Jordal et al.,, 2004; Jansen et al., 2009;

Chiesa et al., 2013a; Chiesa et al.,, 2013b). También se esta analizando la incorporaciéon de
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membranas selectivas al H, (generalmente de silica) en la etapa de WGS a baja temperatura
(<300°C) tanto para el proceso de reformado de gas natural como de gasificacion de
carbon (Giessler et al., 2003; Brunetti et al., 2007a; Brunetti et al., 2007b; Battersby et al.,
2009). Para este ultimo caso, la presencia de ciertos compuestos contaminantes,
fundamentalmente H,S, obliga a soportar determinados oOxidos metalicos sobre las

membranas, que ayudan en la degradacion de estos compuestos.

El otro gran bloque de tecnologias propone introducir un sorbente sélido de CO, en la
etapa de producciéon del gas de sintesis o de WGS, con el objetivo de separar el CO,
formado de la fase gas para después liberarlo en forma de corriente gaseosa concentrada, y
favorecer los equilibrios de formacién de H, (Han and Harrison, 1994; Hufton et al., 1999).
Tal y como se ha descrito en el apartado anterior sobre tecnologfas de captura en post-
combustién, existe una gran variedad de sorbentes de CO, a alta temperatura que podrian
ser usados en este tipo de tecnologias, siendo los mas comunes los basados en CaO,
hidrotalcitas dopadas con K y mezclas de 6xidos metalicos de Li y Na (Harrison, 2008).
Los compuestos de hidrotalcitas son adecuados para trabajar a temperaturas de 300-450°C
en presencia de vapor, y en un rango de presiones muy elevado. Estos sorbentes permiten
llevar a cabo la regeneracion del sorbente a la misma temperatura y presion total que la
etapa de absorciéon de CO,, siendo necesario introducir vapor durante dicha etapa de
desorcion de CO,. Puesto que el consumo de vapor influye negativamente en la eficiencia
global del sistema, la investigacion en este tipo de sorbentes se centra fundamentalmente en
reducir la necesidad de vapor en la etapa de regeneracion que, entre otras cosas, se consigue
trabajando a una presion total mas baja en esta etapa (Reijers et al., 2006). Los materiales de
Li adecuados para este proceso de captura de CO, en pre-combustién son los mismos que
se describieron en el apartado de tecnologias de post-combustion. Li,ZrO; y Li,SiO,
resultan apropiados para absorciéon de CO, combinados con K,CO; a temperaturas entre
450-600°C (Ohashi et al., 2000; Kato et al., 2002a). A pesar de la estabilidad de su
capacidad de captura, su cinética es lenta en comparacion con los sélidos de CaO. Sélidos
basados en Na también han sido propuestos como sorbentes de CO,, tal y como se analiz6
en el anterior apartado. En concreto, los materiales basados en Na,ZrO; son capaces de
operar a temperaturas de absorcién en torno a 600°C, aunque pierden estabilidad al ser
calcinados (Lopez-Ortiz et al, 2004; Zhao et al, 2007). Desde el punto de vista
termodinamico de producciéon de H,, los sorbentes de Li y Na citados son menos eficaces

que los basados en CaO, que permite obtener un producto con mas de un 95 %vol. H, (en
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base seca) (Balasubramanian et al., 1999; Lopez Ortiz and Harrison, 2001). Ademas, los
solidos basados en CaO presentan unas cinéticas de absorciéon de CO, mucho mas rapidas
que el resto de sorbentes de Li, Na 6 hidrotalcitas en un rango de temperaturas y presiones
mucho mas amplio. Todas estas ventajas, unidas al bajo coste y amplia disponibilidad de los
precursores de los sorbentes de CaO, convierten a los soélidos de CaO candidatos

potenciales para su aplicacion en este bloque de tecnologias emergentes.

Una parte de esta Tesis Doctoral se centra en el uso de CaO como sélido sorbente de CO,
a alta temperatura en procesos de captura de CO, en pre-combustién para produccion de
H, y/o electricidad. Por tanto, la revision sobre el estado del arte de la tecnologia de

captura de CO, en pre-combustion usando CaO se incluye en la seccion 1.3.

1.2.2. Acondicionamiento y Transporte de CO,

Una vez separada la corriente de CO, mediante alguna de las tecnologfas anteriormente
citadas, es sometida a una etapa de acondicionamiento para reducir el contenido de
incondensables hasta un maximo de 5 %vol., y asi facilitar y reducir riesgos a lo largo de su
posterior transporte y almacenamiento. Desde el punto de vista de proteccion de los
materiales de los que estan construidas las tuberfas que trasportan el CO,, es importante
eliminar el H,O presente en la corriente para evitar graves problemas de corrosion en las
tuberfas, ademas de para evitar la formacion de hidratos que podrian ocasionar
taponamientos o la formacién de gotas de agua en las dltimas etapas de compresion que
danarfan los equipos. Desde el punto de vista del transporte, es importante limitar el
contenido en H,S cuando el transporte va a realizarse a través de zonas habitadas, ya que
una fuga podria resultar peligrosa. Lo mismo ocurre cuando la captura de CO, se ha
llevado a cabo empleando solventes organicos que son facilmente degradables y generan
sustancias altamente toxicas que contaminan la corriente de CO, y que podtian liberarse a
la atmosfera en caso de fuga. Finalmente, con vistas a un almacenamiento seguro y
eficiente, es importante un bajo contenido en O, cuando el almacenamiento de CO, se va a
realizar en yacimientos de petréleo o de gas, ya que concentraciones de este gas superiores
a 200 ppm provocarfan una oxidacién del combustible a recuperar. Analogamente, un bajo
contenido en N, (< 4 %vol.) es importante cuando el CO, se va a usar para extraccion
mejorada de petroleo (EOR, siglas en inglés de Ewnbanced Oil Recovery), ya que las

caracteristicas finales del producto a recuperar se verfan afectadas. Una vez purificado, el
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CO, se comprime a una presion superior a 80 bar para ser transportado hasta el lugar

donde se va a almacenar de forma permanente (IPCC, 2005).

La forma habitual de transportar el CO, hasta el lugar de almacenamiento es mediante
gasoducto (submarino o terrestre), frente al transporte en buques que resulta rentable para
largas distancias o a ultramar. El transporte de CO, mediante gasoducto es una tecnologia
madura que se practica de forma rutinaria a gran escala desde hace mas de 30 afios en
EEUU y Canada. Existen en la actualidad mas de 5000 km de tuberfa en EEUU que
transportan mas de 40 Mt de CO, al ano a alta presion desde fuentes naturales o
antropogénicas hasta pozos de petréleo para EOR’. El transporte mediante gasoducto
permite un transporte en continuo sin necesidad de depdsitos intermedios de

almacenamiento.

El coste de inversion de este tipo de tecnologia es importante, y depende en gran medida
del tipo de terreno por el que pase el gasoducto asi como de la distancia y cantidad de CO,
a transportar. Ademas, cada 100-200 km de gasoducto es necesaria una estacion de
compresion intermedia con el objetivo de evitar cambios bruscos de densidad por pérdidas
de carga y cambios de fase inesperados. No obstante, el coste del acero representa una
fraccion significativa de este coste total, y cualquier variacion en el precio de este material

afectara de manera importante al coste de transporte mediante gasoducto (IPCC, 2005).

1.2.3. Almacenamiento de CO,

La ultima de las etapas del proceso de CAC consiste en el almacenamiento permanente de
CO, en depositos geoldgicos. Esta ultima etapa resulta de vital importancia en el proceso
completo de CAC, ya que constituye un requisito indispensable sin el cual la penalizacion
energética y los altos costes derivados de la etapa de captura o separacion de CO, no
estarfan justificados. Existen tres tipos de depodsitos geoldgicos aptos para su uso como
almacén permanente de CO,: (1) yacimientos agotados de hidrocarburos (tanto de petrédleo
como de gas natural), (2) minas o yacimientos de carbén inexplotables, (3) acuiferos salinos

terrestres y/o marinos (figura 1.7).

0Zero Emissions Platform (ZEP), sitio web: http://www.zeroemissionsplatform.eu/ccs-
technology/transport.html (visitado Noviembre 2013)
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Figura 1.7. Representacion esquematica de las distintas opciones de almacenamiento geolégico

(Fuente: Zero Emissions PlatformS)

La primera de las opciones de almacenamiento planteadas en yacimientos agotados de
petrdleo o gas natural cuenta con un potencial importante para convertirse en almacén de
CO,, ya que durante miles de afios ambos han almacenado gas y petréleo de forma segura y
permitirfan reducir significativamente los altos costes de la CAC. Este beneficio es mayor
para el almacenamiento de CO, en los yacimientos de petréleo para EOR, ya que la
inyeccion de CO, permitirfa aumentar la explotacion de este hidrocarburo en torno a 15-25
% respecto de la situacion sin almacenamiento de CO,, repercutiendo asi en un beneficio
econémico importante. Este mecanismo de inyecciéon de CO, en yacimientos de petréleo
ha sido demostrado en aplicaciones a escala comercial en EEUU desde hace mas de 30
afios’. Para el caso de los yacimientos de gas natural, el beneficio obtenido de recuperacion
adicional de gas natural por inyeccion de CO, (EGR, siglas en inglés de Enbanced Gas
Recovery) no es importante ya que la mayorfa de estos yacimientos ya se encuentran
explotados hasta mas del 80 % de su capacidad, por lo que la capacidad de mejora es
limitada. Ademas, se desconoce el efecto del CO, en la calidad del gas natural extraido por
lo que éste método no ha adquirido tanta importancia como el EOR. Como se ha
mencionado, la ventaja tanto del EOR como EGR como métodos de almacenamiento de

CO, es que ambos han almacenado gas y petréleo durante miles de afios por lo que

’Global CCS Institute, sitio web: http://www.globalccsinstitute.com/publications/bridging-commercial-gap-
carbon-capture-and-storage/online /32651 (visitado Noviembre 2013)




resultan candidatos potenciales para el almacenamiento de CO,. Sin embargo, su principal
desventaja radica en su escasa distribucion geografica, normalmente alejados de los
principales focos de emisiéon. Se estima que a nivel mundial, la capacidad de
almacenamiento en yacimientos de petréleo oscila entre 150-700 GtCO,, y para

yacimientos de gas natural entre 500-1500 GtCO, (IPCC, 2005).

El almacenamiento de CO, en yacimientos de carbén dificiles de explotar se encuentra en
la actualidad en una fase de estudio, y consiste en inyectar CO, en este tipo de yacimientos
con el objetivo de recuperar el CH, (80-99% de pureza) que ha quedado adsorbido en la
matriz del carbén durante la formacion de éste. Existen proyectos a pequefa escala en
Polonia, Canad4, China y Japén (de hasta 50 tCO,/dia inyectados) mediante los cuales se
pretenden resolver las principales incertidumbres de este método de almacenamiento, cuya

capacidad mundial de almacenamiento alcanza los 150 GtCO, (IPCC, 2005).

Los acuiferos salinos son depositos geoldgicos formados por roca porosa ocupada por
agua salada y una capa de roca impermeable en la parte superior que evita que el agua
retenida alcance la superficie. Estos depositos se encuentran tanto debajo de la superficie
terrestre como en el subsuelo marino, y tienen la principal ventaja de ser muy abundantes,
por lo que es bastante probable que exista un acuifero salino cerca del foco de emision de

CO,, evitando asi la necesidad de un transporte lejano (IPCC, 2005).

En la actualidad, existen importantes proyectos de almacenamiento de CO, en los
diferentes tipos de depésitos geoldgicos descritos. La planta de CAC mas antigua lleva
funcionando desde 1996 y se encuentra instalada en una planta de extraccion vy
refinamiento de gas natural situada en los pozos de gas natural de la zona de Sleipner (Mar
del Norte). A principios del afio 2013, en esta planta se habian conseguido separar mas de
14 MtCO,® del gas natural explotado en dichos yacimientos que han sido almacenadas en
acuiferos salinos’. En el afio 2000 comenzé un gran proyecto de almacenamiento de CO,

en el pozo petrolifero de Weyburn (Canada) para EOR, que en el afio 2005 se extendi6 al

8MtCO,= Millones de toneladas de CO; (109 toneladas de CO»)

9Statoil, sitio web:

http://www.statoil.com/en/Technologvinnovation/NewEnerov/Co2CaptureStorage /Pages /SleipnerVest.as
px (visitado en Octubre 2013)
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pozo de petréleo adyacente de Midale'. En este proyecto de CAC se separan en torno a
8500 tCO,/dfa en una planta de gasificacion de carbén (Dakota del Norte, EEUU) que se
comprimen y transportan una distancia superior a 300 km para finalmente ser almacenados
en ambos pozos de petréleo. En el afio 2004, entré en funcionamiento otro gran proyecto
de CAC en la planta de producciéon de gas natural de In Salah (Argelia), que permitié
separar y almacenar geolégicamente, por primera vez en un acuifero salino profundo, mas
de 3 MtCO, hasta el afio 2011 cuando cesé su funcionamiento''. En el pozo de gas natural
de Snohvit (Mar de Barents) también se lleva a cabo actualmente la separaciéon de CO, del
gas natural extraido, que se transporta una distancia de 150 km hasta una formacién salina
bajo el subsuelo marino. Desde que comenzé la inyeccion de CO, en 2008 se han
almacenado mas de 2 MtCO,, de los 31-40 MtCO, de capacidad que se estima tiene dicha

‘s s 12
formacién salina “.

10Petroleum Technology Research Centre, sitio web: http://ptre.ca/projects/weyburn-midale (visitado en
Diciembre 2013)

1Statoil, sitio web:

7/ Co2CaptureStorage /Pages/InSalah.aspx

(visitado en Octubre 2013)
12Global CCS Institute, sitio web: http://www.globalccsinstitute.com/project/snohvit-co2-injection (visitado
en Diciembre 2013)
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1.3. Captura de CO, mediante ciclos de carbonatacién/calcinacion de CaO

El proceso de captura de CO, mediante los ciclos de carbonatacién/calcinacion se basa en
la reaccion de un sorbente basado en CaO con el CO, presente en una corriente gaseosa, y
en la reaccién inversa de calcinaciéon del CaCO; a mayor temperatura en una atmosfera

concentrada en CO, (ecuacion 1.1).

Ca0 +CO, <> CaCO , AH o5 « = —178.8 k] / mol (1.1)

Desde el siglo XIX han sido muchos los autores que han propuesto el uso de CaO como
sorbente de CO,. Los primeros trabajos entre los afios 1868-1880 proponian el uso de
sorbentes basados en CaO para mejorar la produccion de H, en procesos de gasificacion de
carboén con vapor (Squires, 1967). Un siglo mas tarde, este concepto se aplicé al proceso
conocido como CO, acceptor gasification process (Curran et al., 1967) que proponia llevar a
cabo la gasificaciéon de un carbén con vapor a presion en presencia de caliza o dolomita.
De esta forma, mejora el poder calorifico del producto obtenido aumentando el contenido
en H, al eliminar el CO, y el H,S mediante la reaccién con CaO, y se aprovecha la energia
proveniente de la carbonatacion sin necesidad de emplear O, en el gasificador. En 1974 se
probé por primera vez este proceso en una planta piloto de 40 ton/dia de carbén, que
sirvi6 para demostrar por primera vez el concepto basico de captura de CO, con CaO
(Fink et al., 1974). En todos estos casos, el objetivo no era capturar el CO, generado en la
etapa de calcinacion y la energia necesaria en la calcinacién se aportaba quemando una
parte del combustible con aire, por lo que el CO, se obtenia diluido en N,. Cuando surgio
la necesidad de obtener una corriente concentrada en CO, en el calcinador, Silaban y
Harrison propusieron el uso de la reaccion reversible de carbonatacion/calcinacién como
mecanismo de separaciéon de CO, a alta temperatura para produccion de H, (Silaban and
Harrison, 1995). Shimizu y cols. fueron los primeros en proponer esta reaccion de
carbonatacion/calcinacion para eliminar el CO, de un gas de combustiéon empleando la
combustién de carbén adicional con O, como fuente de energia en el calcinador (Shimizu

et al., 1999).

El diagrama conceptual de esta tecnologia se muestra en la figura 1.8. En el reactor de

carbonatacion, el gas (I, en la figura 1.8) que contiene cierta cantidad de CO, (F,,) entra

gas

en contacto con un flujo de CaO (F.,) y se produce la reacciéon de carbonatacion entre el
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CO, y el CaO para formar CaCOj (reaccién 1.1). El gas a la salida del carbonatador, con un
bajo contenido en CO,, se expulsarfa a la atmosfera tras recuperar su energfa térmica
aprovechable. Ademas, puesto que la reaccion de carbonatacion es fuertemente exotérmica,
es posible recuperar energfa adicional en el interior del carbonatador, tal y como indica la
flecha punteada de color verde en la figura 1.8. La corriente de sélidos a la salida del
carbonatador, que contiene principalmente el CaCO; formado y el CaO sin reaccionar, se
dirige a un segundo reactor de regeneracioén o calcinador, en el que se produce la reaccion
inversa de descomposicion del CaCO; de nuevo en CaO, liberando el CO, capturado en el
reactor de carbonatacién. El CaO que se genera se hace circular de nuevo al carbonatador
para comenzar un nuevo ciclo de carbonataciéon/calcinacién, mientras que el CO, liberado
en el calcinador tras recuperar su energfa térmica se somete a un tratamiento de
purificacién, para ser posteriormente comprimido y transportado hasta un lugar de
almacenamiento permanente. Contrariamente a lo que ocurria en el carbonatador, la
reaccion de calcinacion es muy endotérmica y va a ser necesario un aporte de energfa en el
calcinador para llevarla a cabo, tal y como se indica en la figura 1.8. El objetivo final del
proceso es disponer de una corriente concentrada de CO,, por lo que resulta

imprescindible que el calcinador opere en una atmésfera concentrada en este gas.

FgastFcoz'(1-Ec) FcoEc+Fy

CaCO; + CaO
. CARBONATADOR CALCINADOR p
L_ £ .
Energia (\4-} Ca0+CO,—CaCoO; - CaC0;—Ca0+CO, | o Energia

600-700°C Ca0 (Fou) ~900°C

1

Fgas +Fcoz Caliza Purga
fresca (Fy)

Figura 1.8. Diagrama conceptual del sistema de carbonatacién/calcinacién con CaO

Como ya se ha comentado antetiormente, el proceso de carbonatacién/calcinacion se basa
en el equilibrio del CaO/CaCO;y, por lo tanto, estd sujeto a restricciones termodindmicas
que limitan la conversion en funcién de la temperatura. La figura 1.9 muestra la curva de
equilibtio presién-temperatura para el sistema CaO/CaCO; (reaccién 1.1). De acuerdo con
esta curva, la combinacion de presion y temperatura condicionara si el sistema evoluciona

hacia la formaciéon de CaCO; o de CaO. De esta manera, para una concentracion de CO,

28



en torno a 0.12-0.15 atm en el gas introducido al carbonatador (tipica del gas de
combustiéon de una CT convencional de carbén), el carbonatador debera operar en un
rango de temperatura de 600-700°C para conseguir altas conversiones a CaCO; y por lo
tanto una eficacia de captura de CO, (E.) razonable. De acuerdo con los datos de equilibrio
de la figura 1.9, valores de E_ en el rango de 70 a 97 % serfan posibles operando en el
citado rango de temperaturas si se alcanzasen las condiciones de equilibrio. Desde el punto
de vista del equilibrio, temperaturas de carbonatacion inferiores a 600°C permitirfan
alcanzar mayores valores de E_ de acuerdo con la figura 1.9. Sin embargo, desde el punto
de vista cinético, la reacciéon de carbonatacion serfa mas lenta, necesitaindose tiempos de
residencia mas largos y, por tanto, reactores de mayor tamafo. Ademas en este caso, la
eficiencia del proceso disminuirfa ya que la recuperaciéon de energia en el carbonatador se
harfa a una menor temperatura y serfa mas dificil su aprovechamiento. En lo que respecta al
calcinador, para conseguir descomponer el CaCO; en una atmosfera concentrada en CO,,
sera necesario alcanzar temperaturas de operacion superiores a los 900°C cuando se trabaje
a presion atmosférica, de acuerdo con la curva de equilibrio de la figura 1.9. En el caso de
operar a presiones superiores a la atmosférica, la temperatura de operacioén necesaria en el

calcinador sera tanto mas alta de 900°C cuanto mayor sea dicha presiéon de operacion.
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Figura 1.9. Curva de equilibtio del sistema CaO/CaCOj3 (Fuente:Barker (1973))

De forma general, es posible distinguir dos grandes grupos de procesos en los que se puede

aplicar el proceso de carbonatacién/calcinacién para captura de CO,, en funcion de si la
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etapa de carbonatacién del CaO se aplica zz sitn en la propia combustion para retencion del
CO, generado o en la atmdsfera reductora de gasificacién/reformado para produccién de
H,, o de si se aplica ex situ al gas resultante de la combustion antes de ser expulsado a la
atmosfera (post-combustion). Para que sea efectiva la reaccion de carbonataciéon del CaO
como método de captura zz situ de CO, en la propia combustion, es necesario que el
combustible presente elevada reactividad a una temperatura relativamente baja (~700°C),
adecuada para favorecer dicha reaccién de carbonataciéon de acuerdo con el equilibrio
mostrado en la figura 1.9. Puesto que la eficacia de combustion de biomasa en aire es
elevada a temperaturas en ese rango, esta configuraciéon de captura i sitn de CO, en la

propia combustion se aplica para este combustible.

1.3.1. Estado del arte de los procesos de carbonatacién/calcinacion

La captura de CO, mediante los ciclos de carbonatacién/calcinacion de CaO se puede
llevar a cabo en distintas configuraciones de proceso, aunque todas ellas cuentan con una
serie de caracteristicas comunes que hacen que este proceso de captura de CO, resulte muy
atractivo. La principal ventaja es que se trata de procesos a alta temperatura, por lo que es
posible aprovechar las corrientes calientes que se obtienen en el proceso para generar vapor
y producir potencia adicional en un nuevo ciclo de vapor, reduciendo asi la penalizacién
energética con respecto de la planta existente de referencia sin captura de CO,. El material
utilizado como precursor del CaO puede ser caliza o dolomita natural, que se caracteriza
por su bajo coste, su abundancia y su amplia disponibilidad geografica. Ademas, su cinética
de reaccion con el CO, es muy rapida por encima de 600°C lo que permite trabajar con
reactores compactos y tiempos de residencia cortos. El CaO reacciona con el SO, ademas
de con el CO,, por lo que en su aplicacioén a gases de combustion procedentes de una CT
de carboén se podria plantear prescindir de la unidad de desulfuraciéon de gases, con la
consiguiente reduccién de costes. Finalmente, el CaO desechado en este proceso puede ser
aprovechado como materia prima en la industria de fabricaciéon de cemento o como
material absorbedor de SO, en calderas de carbén de lecho fluidizado circulante, lo que

supone un beneficio para ambos procesos involucrados.

Como principales debilidades de este proceso destacan la escasa estabilidad quimica y
mecanica de la caliza o dolomita natural, que se traduce en una disminucién de la

conversion del CaO en la reacciéon con el CO, al ser sometido a sucesivos ciclos de
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carbonatacién/calcinacién y en una pérdida de material del sistema por atricion,
respectivamente. Sin embargo, es importante destacar que la principal pérdida de material
por atriciéon ocurre en la primera calcinacion, mientras que en los sucesivos ciclos las
particulas apenas muestran una disminucién de tamafio, por lo que resulta facil
compensarla mediante el aporte de sorbente fresco al sistema (F; en la figura 1.8)
(Gonzalez et al., 2010). Este aporte de sorbente fresco sirve ademas para compensar la
pérdida de actividad de las particulas de CaO presentes en el sistema y reemplazar el
material desactivado, que se elimina con la correspondiente purga de solidos. La escasa
estabilidad quimica de las particulas de CaO, al ser sometido a sucesivas carbonataciones y
calcinaciones, se debe a un cambio estructural del sélido que pierde porosidad y evoluciona
hacia una estructura con poros de mayor tamafio, y en definitiva de menor area superficial
(Alvarez and Abanades, 2005b; Alvarez and Abanades, 2005a). Numerosos trabajos de
investigacion coinciden en que las particulas de CaO procedentes de sorbentes naturales
como caliza o dolomita ven reducida su capacidad de absorcion de CO, de manera drastica
durante los primeros 20 ciclos de carbonataciéon/calcinacién (Curran et al., 1967; Barker,
1973; Silaban and Harrison, 1995; Shimizu et al., 1999; Abanades and Alvarez, 2003; Sun et
al., 2007), y llegan a alcanzar conversiones residuales en torno al 7-9 % para un alto nimero
de ciclos (Grasa and Abanades, 2006; Chen et al., 2009). No obstante, se ha demostrado
que temperaturas de calcinacion superiores a 950°C aceleran la pérdida de capacidad de
absorcion de CO, del sorbente, favoreciendo una degradacion prematura del mismo (Grasa
and Abanades, 2006; Gonzalez et al., 2008), por lo que la temperatura de calcinacion es un
parametro que es imprescindible controlar ya que influye en la estabilidad quimica del

sorbente.

Resolviendo el balance de materia asociado al esquema de la figura 1.8, se ha demostrado
que la existencia de esa conversion residual permite alcanzar valores de E. relativamente
elevados con reducidos F, e incluso trabajando sin aporte de sorbente fresco, siempre y
cuando se tenga suficiente cantidad de material circulando entre reactores (Abanades,
2002). Sin embargo, la economia del proceso admitirfa trabajar con F, elevados en caso de
que exista sinergia con la industria del cemento o con una unidad de desulfuracién que
emplee las grandes cantidades de material extraido del sistema de
carbonatacion/calcinacion (Abanades et al., 2004b). En el caso de que esta sinergia no sea
posible, no resulte econémicamente rentable y/o exista la presencia de un material de alto

coste que no interesa eliminar con la purga, va a ser necesario tratar de reducir al minimo la
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purga y el aporte de material fresco y asi aumentar el tiempo de residencia de los sélidos en
el sistema de captura. En esta direccién, se trabaja en la actualidad en procesos que buscan
aumentar la capacidad de captura estable del sorbente durante numerosos ciclos de
carbonatacién/calcinacién (Arias et al., 2012), reactivar el sorbente y en la preparacion de
sorbentes sintéticos cuya capacidad de absorcion de CO, es elevada en comparacion a los
sorbentes naturales (Blamey et al., 2010), con el objetivo de reducir el aporte de sorbente

fresco en el sistema.

Los primeros resultados experimentales obtenidos en condiciones de post-combustién
(operando a presion atmosférica y con una atmosfera oxidante tanto en el reactor de
carbonatacién como en el de calcinacién) fueron publicados por Abanades et al. (2004a), y
sirvieron para demostrar la validez de la reacciéon de carbonatacion de CaO para absorber el
CO, a alta temperatura proveniente de grandes procesos de combustién. Estos resultados
se obtuvieron en un reactor discontinuo en el CANMET (Canada) en donde se probaron
dos tipos diferentes de calizas operando el carbonatador a 650°C y el calcinador a 850°C en
aire, empleando como gas de combustiéon una mezcla sintética de gases con un 15 %vol. de
CO,. Esta instalaciéon se modificé para facilitar la realizaciéon de multiples ciclos de
carbonatacién/calcinacién, aunque no se disponia de una circulacion continua de sélido
entre los reactores (Hughes et al., 2005). En esta instalacion, Lu et al. (2008) publicaron los
primeros resultados experimentales en los que el reactor de calcinacién operaba en
condiciones de oxi-combustién empleando biomasa y carbén como combustible, y en los
que, ademas, se empleaba un gas real de combustién en el carbonatador. Sin embargo, en
este caso, ambos reactores se operaron en discontinuo. Esta instalacion del CANMET se
modific6 para operar con una circulacion en continuo entre el carbonatador y el
calcinador, y posteriormente Fang et al. (2009a) demostraron E_ del 95 % a 600°C
trabajando con bajas velocidades supetficiales del gas de 0.1 m/s. Wang et al. (2010a)
mostraron resultados preliminares de la operaciéon en continuo de una planta experimental
de 120 kW térmicos" situada en la Universidad estatal de Ohio, basada en un lecho
arrastrado actuando como carbonatador y un horno rotatorio como calcinador, incluyendo
una etapa intermedia de hidrataciéon para mejorar la conversion del sorbente. En esta

configuraciéon los sélidos, que se introducen como sorbente fresco en el calcinador, pasan

13E] término de kW 6 MW térmicos hace referencia a la potencia introducida con el combustible (calculada
como el producto del PCI del combustible y su flujo masico/molat) que genera el gas de combustién
introducido al reactor de absorcién de CO, o directamente con el combustible al reactor de carbonatacién
cuando se tratar de un gasificador, reactor de reformado o combustor
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secuencialmente a través del calcinador, hidratador y carbonatador, sin haber circulacion
interna entre reactores. En este caso, trabajando con circulaciones de sélido bajas (en
relacion al CO, presente en el gas de combustion) se demostré la necesidad de una alta

reactividad de los sélidos presentes en el sistema para poder alcanzar E_ superiores a 90 %.

Para conseguir poner en contacto el gran volumen de gas generado en una CT de carbon
(300 m’N/s de gas para una CT de ~1000 MW con 12-15 %vol. de CO,) con una corriente
de sélidos de CaO y conseguir altas E. (equivalentes a capturar 7-9 mol CO,/m*'s), la tnica
configuracién posible para el carbonatador es un lecho fluidizado circulante (LFC), ya que
permite trabajar con altas velocidades supetficiales de gas (4-6 m/s) y altas circulaciones de
solido (hasta 45 kg/m?*'s). La primera instalacién experimental basada en esta configuracién
de reactor para el carbonatador en la que se llevaron a cabo experimentos en post-
combustién tiene un tamafio de 30 kW térmicos y se encuentra situada en Oviedo en el
Instituto Nacional del Carbén (INCAR) (Abanades et al., 2009). En esta instalacién, se ha
conseguido trabajar en condiciones estables de captura de CO, en el carbonatador
(consiguiendo E. en torno al 75 %) empleando particulas de CaO que presentan una
actividad media residual muy baja (~5 % conversioén), siempre y cuando exista suficiente
inventario y circulacién de solidos entre reactores (Alonso et al., 2010). Se han conseguido
eficacias de captura de CO, de hasta 3-4 mol CO,/m™s en el carbonatador ya que la escasa
altura de los reactores (6.5 m) ha impedido trabajar con suficiente inventario de sélidos a
elevadas velocidades superficiales de gas con un tamafio medio de particula de 90 pm
(Rodriguez et al.,, 2011). A pesar de ello, se ha demostrado E. superiores al 90 % en el
carbonatador si se trabaja con material muy activo en el sistema (es decir, con altos aportes
de caliza fresca al sistema). Existe otra instalaciéon experimental de 10 kW térmicos en la
Universidad de Stuttgart (Charitos et al., 2010), en la que se han obtenido resultados en un
carbonatador de LFC conectado a un calcinador de LFB, y en la que se han obtenido
eficacias de captura de CO, de hasta 10 mol CO,/m™s, que se acercan al valor deseable en
una CT a mayor escala (Charitos et al., 2011). Estos valores elevados de eficacia de captura
de CO, han sido posibles ya que la elevada altura del reactor de carbonatador (12.4 m)
permitié operar con un mayor inventario de sélidos (hasta ~1200 kg/m?). Recientemente,
en esta Universidad de Stuttgart, se ha construido una instalaciéon de 200 kW térmicos que
consiste en dos reactores de LFC en los que una valvula de sélidos permite ajustar la
circulaciéon de solidos entre reactores y operar en diferentes regimenes de fluidizacion

(Hawthorne et al.,, 2011). Los primeros resultados experimentales en esta instalaciéon han
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demostrado E_ superiores al 90% durante cortos periodos de operaciéon (Dieter et al.,

2013).

Con el objetivo de contribuir al escalado de esta tecnologia, se han construido en Alemania
y Espana dos plantas piloto de la escala de MW. En Alemania, la planta piloto de 1 MW
térmico localizada en la Universidad de Darmstadt se ha disefiado para probar tanto el
proceso de carbonatacion/calcinacion en gases de combustion como el proceso de
combustiéon con trasportadores solidos de oxigeno (Galloy et al, 2011). Esta planta
consiste en dos reactores de LFC conectados entre si mediante un tornillo sin fin que
transporta los solidos entre ambos reactores. Hasta el momento se han conseguido E.
moderadas en el carbonatador en torno al 80 % trabajando con aire enriquecido en O, al 50
%vol. en el calcinador, aunque se espera operar el calcinador en modo oxi-combustién y
emplear gas real de combustién en el carbonatador en la proxima campafia experimental
(Galloy et al., 2012). La planta de demostracion a escala piloto de mayor tamafio existente
en la actualidad para esta tecnologia de carbonatacién/calcinacién es de 1.7 MW térmicos y
se encuentra situada en la CT de carbon de La Pereda (Asturias), de la que absorbe 1/150
del gas de combustiéon de la CT antes de ser enviado a la chimenea y se introduce en el
carbonatador (Sanchez-Biezma et al., 2011; Arias et al., 2013; Sanchez-Biezma et al., 2013).
En esta planta piloto se ha demostrado la operacién de este proceso de captura de CO, en
continuo en dos reactores de LFC conectados entre si durante largos tiempos de operacion,
empleando caliza natural como sorbente de CO,. Se han conseguido E_ superiores al 90 %
en el carbonatador operando el calcinador en modo oxi-combustidn, y bajo condiciones de
operacion similares a las que se encontrarfan operando a una mayor escala (inventario de

solidos, circulacion de sélidos, velocidad superficial del gas...).

En la tabla 1.2 se resumen las principales caracteristicas de las plantas experimentales

descritas, ordenadas por orden creciente de tamafio.
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Tabla 1.2. Plantas experimentales de carbonatacién/calcinacién para captura de CO» de gases de combustién

Localizacion

Tamaifio

Configuracion reactores

Aporte energia

Principales resultados

Referencias

Universidad de Stuttgart, IFK
(Alemania)

planta?

10 kW

Carbonatador: LFC
Calcinador: LFB

calcinador

Resistencias eléctricas y
combustion CHy4 con
aire

Ec > 90 % a 600-660°C en
el carbonatador, con baja
actividad de los sélidos (alta
circulacion) (Ugs=4-6 m/s)

(Chatitos et al.,
2010)

Instituto Nacional del Carboén,
INCAR, Oviedo (Espafia)

30 kW

Carbonatador y calcinador:
LFC

Resistencias eléctricas y
combustion de carbon
con aire

Ec>90 % a ~630°C en el
carbonatador con alta
actividad de los solidos
(ugs=1.1-3.5 m/s)

(Abanades et al.,
2009; Alonso et al.,
2010; Rodriguez et

al., 2011)

CANMET Energy Technology
Centre, Ottawa (Canada)

75 kW

Carbonatador: LFB dividido
en dos zonas (combustion y

carbonatacion) / Calcinador:

LFC

Combustién de carbon
o biomasa con mezcla

0,/CO,

Ec> 75% a 650-700°C tras
mas de 25 ciclos con
actividad moderada de los
s6lidos (Ugs=~0.6 m/s)

(Abanades et al.,
2004a; Hughes et
al., 2005; Lu et al.,

2008)

Universidad Estatal de Ohio
(Estados Unidos)

120 kW

Carbonatador: lecho de
arrastre / Calcinador: horno
rotatotio

Resistencias eléctricas

Ec>90 % a ~500°C en el
carbonatador, empleando
Ca(OH),

(Wang et al., 2010a)

Universidad de Stuttgart
(Alemania)

200 kW

Carbonatador y calcinadot:
LFC

Combustién de carbon
o biomasa con mezcla

0,/CO,

Ec>90 % a ~600-650°C en
el carbonatador

(Hawthorne et al.,
2011; Dieter et al.,
2013)

Universidad de Darmstadt
(Alemania)

1 MW

Carbonatador y calcinador:
LFC

Combustién de carbon
0 propano con aire
enriquecido en O,

Ec~85 % a 650°C en el
carbonatador con baja
actividad solidos (ugs=2-3

m/s)

(Galloy et al., 2011,
2012; Kremer et al.,
2013)

Central térmica de carbon de
La Pereda, Asturias (Espana)

1.7 MW

Carbonatador y calcinador:
LFC

Combustién de carbon
con mezcla Oz/CO;

Ec>90 % ~600°C en amplio
rango de condiciones,
incluso con baja actividad
s6lidos (ugs~4 m/s)

(Sanchez-Biezma et
al., 2011; Arias et
al., 2013; Sanchez-

Biezma et al., 2013)

aE] tamafio de la planta se calcula como la energia del carbén (PCleabsn® h yp.,) alimentado a la caldera que genera el gas de combustién alimentado al carbonatador
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En lo que se refiere al desarrollo de procesos de pre-combustion, y como ya se ha discutido
al inicio de esta seccion, la aplicacion de la reaccién de carbonatacion en la propia etapa de
gasificacion o reformado para retencion del CO, formado se remonta a los origenes de esta
tecnologia de captura de CO,, aunque entonces no era una prioridad la produccion de una
corriente concentrada en CO, para su posterior compresion y almacenamiento. Entre los
primeros procesos de gasificacion de carbén en presencia de CaO que ya buscaban
producir una corriente de CO, puro, esta el proceso conocido como Zero Emission Carbon
(ZEC) que proponia generar electricidad en una pila de combustible empleando una parte
de la corriente de H, obtenida en el gasificador (Ziock et al., 2001). Segtn este concepto, la
energia necesaria en la regeneraciéon del CaCO; formado la proporcionaria el gas de
combustion a alta temperatura proveniente de la pila de combustible (basicamente vapor de
agua). También surgi6 la idea del proceso conocido como HyPr-RING (Hydrogen production
by reaction-integrated novel gasification) (Lin et al., 2002) y posteriormente el proceso conocido
como LEGS (Lime Enbhanced Gasification) (Weimer et al., 2008) que, bajo distintas
condiciones de presién y temperatura, proponen llevar a cabo la gasificaciéon de carbén en
presencia de CaO para mejorar la produccion de H,, y regenerar el CaCO; formado

quemado con O, el char proveniente del gasificador. .

El nimero de instalaciones experimentales en las que se ha probado la gasificacion de
carbon o biomasa en presencia de un sorbente basado en CaO es mas reducido que para la
aplicacion en post-combustién. La Universidad Tecnolégica de Viena cuenta con una
planta piloto de 100 kW térmicos en la que se ha demostrado el proceso de gasificacion de
biomasa con captura in situ de CO, para producir un gas combustible rico con un
contenido de hasta 75 %vol. de H, (en base seca) (Pfeifer et al., 2007, 2009). Este concepto
ha sido demostrado a mayor escala en la planta de gasificacion de 8 MW térmicos de
biomasa de Gtssing (Austria), en la que se han obtenido contenidos de hasta ~50 %ovol.

(en base seca) de H, en el gas a la salida del gasificador (Koppatz et al., 2009).

En cuanto al reformado de gas natural o gas de sintesis en presencia de CaO, son
numerosos los trabajos experimentales a nivel de laboratorio que han demostrado la mejora
en la conversién a H, en presencia de un sorbente de CO, en un reactor de lecho fijo o en
un LFB (Balasubramanian et al., 1999; Y1 and Harrison, 2005; Johnsen et al., 2006b; Li et
al., 20006; Arstad et al, 2012), e incluso en la planta piloto del CANMET descrita
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anteriormente (Symonds et al., 2009). La configuraciéon de reactores en lecho fijo ha sido la
opcién predominante a nivel de experimentacion en el laboratorio o incluso en estudios
sobre el modelado de este proceso. Sin embargo, a escala comercial, en la que serfa
adecuada una regeneracién en continuo del sélido, su aplicacion necesitarfa de varios
reactores de lecho fijo operando en paralelo. El funcionamiento de dos reactores de lecho
fluidizado conectados entre si facilitarfa la operaciéon en continuo, con un flujo de sélido
entre los reactores de reformado y regeneracién, permitiendo ademds mejorar la
recuperacion de energia y facilitar el aporte/extraccion de solidos en el sistema. Sin
embargo, la aplicacion de este proceso puede ser muy diversa (H, como reactivo,
produccién de electricidad, combustibles liquidos...), y por tanto las dimensiones de la
planta y especificaciones (de presion por ejemplo) también pueden ser muy variadas, de tal
manera que todavia no existe un consenso acerca de la configuraciéon de reactores mas

adecuada para este proceso.

La validez de la reacciéon de carbonatacion del CaO como método de captura de CO, in situ
en la propia caldera de combustién de biomasa ha sido demostrada en la instalacién de 30
kW térmicos del INCAR, descrita previamente en la tabla 1.2. En esta instalaciéon se han
obtenido eficacias de captura de CO, supetiores al 80 % en el carbonatador/combustor
trabajando a ~700°C con suficiente inventario y circulaciéon de sélidos, consiguiendo
eficacias de combustién del 100 % (Abanades et al., 2011). Con el objetivo de contribuir al
desarrollo y validaciéon de este concepto a una mayor escala, se ha construido una planta
experimental de 300 kW térmicos en la CT de carbon de La Robla (LLe6n), que consiste en
una caldera de LFC en la que se quema biomasa con aire en presencia de CaO y que se
encuentra conectada a otro LFC actuando como calcinador, en el que también se quema
biomasa con aire para regenerar el CaO (Chamberlain and Perez Ros, 2011). En la
actualidad se esta llevando a cabo una campafia experimental en esta planta para demostrar
el funcionamiento de este concepto durante largos tiempos de operacion y validar los

resultados obtenidos a una menor escala.

Habitualmente, en cualquier configuracién del proceso de carbonatacion/calcinacion se
propone llevar a cabo la descomposicion del CaCOj; en el calcinador quemando un
combustible con una corriente concentrada en O,, tal y como propuso originariamente

Shimizu et al. (1999) en su aplicacién a un gas de combustién. Sin embargo, desde
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entonces, se han analizado formas alternativas de aportar esta energfa en el calcinador con
el objetivo de prescindir de la unidad de separacién de aire, o incluso distintas
configuraciones que permitan reducir la demanda de energfa en el calcinador calentando los
solidos alimentados a este reactor, y que, en definitiva, buscan reducir el consumo de
combustible y de O, adicionales en el proceso de captura de CO,. Todas estas propuestas
se resumen en la tabla 1.3, clasificadas en dos grandes bloques en funcién de estas dos
actuaciones descritas. De acuerdo con la informaciéon recogida en esta tabla, las distintas
alternativas propuestas para aportar la energia en el calcinador consisten basicamente en (1)
transferir el calor indirectamente a través de una pared metalica desde un reactor a mayor
temperatura, (2) introducir una corriente sélida o gaseosa a alta temperatura directamente
en el calcinador o (3) acoplar una reaccion exotérmica en el propio reactor de calcinacion,
diferente de la combustién con O, de un combustible adicional. En lo que respecta a las
opciones de calentamiento de los sélidos procedentes del carbonatador antes de ser
introducidos al calcinador, se ha propuesto emplear una corriente de gas caliente, que sirva
para calentar la corriente de sélidos por contacto directo en un lecho fluidizado o en un
intercambiador de calor, o bien emplear la corriente de solidos a alta temperatura a la salida
del calcinador que podria calentar los sélidos por contacto directo en un lecho fluidizado o
indirectamente mediante algin dispositivo de transferencia de calor (tal y como se recoge

en la tabla 1.3).
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Tabla 1.3. Opciones planteadas en la literatura (alternativas a la oxi-combustién) para aportar y/o reducir la demanda energética en el calcinador en el sistema de
captura de CO; basado en los ciclos de carbonatacién/calcinacién de CaO

Fuente de energia

Reactor a alta

Tipo de

transferencia de

calor

Detalles de la fuente de energia

- A través de la pared de una camara de
combustién operando a alta temperatura

-Intercambiadores de calor tubulares que

Referencias

(Abanades et al., 2005; Grasa
and Abanades, 2007)

Indirecta transfieren calor desde una camara de combustién (Junk et al., 2013)
temperatura operando a alta temperatura
-A través de la pared del carbonatador operando a
Aporte de energia al mayor presion y temperatura que el calcinador (Ball and Sceats, 2010)
calcinador Sélido a alta Directa Solido proveniente de una cimara de combustién (Abanades et al., 2005)
temperatura a alta temperatura N
Gas a alta Directa//indirecta Gas de combustién a alta temperatura (~1050°C) (Ziock et al., 2001; Meyer et
temperatura proveniente de una pila de combustible al., 2011)
-Combustion char con Oz proveniente de un (Lin et al., 2002; Weimer et
Reaccién quimica Directa gasificador/carbonatador al., 2008)
-Reduccién de CuO con CHy, CO 6 Ha (Abanades and Murillo, 2009)
Las cotrientes de sélidos del carbonatador y del
Directa .calcmador. se mezclan en un lecholﬂu.ldlhzado para (Martinez ct al., 2012)
Sélido a alta intercambiar calor, y se alimentan indistintamente
a ambos reactores
Aporte de energia a temperatura La cottiente de s6lidos del calcinador transfiere (Epple, 2008; Martinez et al
la corriente de Indirecta energia a la cortiente de sélidos del carbonatador PPIS, 26 12) N
so6lidos alimentados en un intercambiador de calor
al calcinador para -Gas rico en CO; del calcinador se pone en
. . 1 (Romano et al., 2011,
reducir su demanda contacto con la cortiente de solido a calentar en un .
1 . . Martinez et al., 2012, 2013)
energética G It lecho fluidizado o intercambiador de calor
as a ata Directa ciclénico
temperatura

- Gas de combustion de un combustor adicional o
una fraccion del gas de combustién de la CT

(Abanades et al., 2013)
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1.3.2. Configuraciones de proceso. Captura de CO, con CaO en sistemas de post-

combustion

De los procesos de combustion a gran escala que constituyen un foco puntual de emisiones
de CO, a la atmosfera, las CT convencionales de carbén (principalmente de carbon
pulverizado o de lecho fluidizado) son las que presentan un mayor potencial de reduccion
de emisiones de CO, mediante la tecnologfa de carbonatacién/calcinacién, debido a la alta
concentracion de CO, en el gas de combustion. Las CT de CCGN también constituyen un
foco importante de emisiones de CO, a la atmosfera. Sin embargo, el gas de combustion
generado presenta una concentracion de CO, muy baja (en torno a 0.03-0.04 atm) que
dificulta el uso de este sistema de carbonatacion/calcinacion de CaO debido a que la fuerza
impulsora para la reacciéon del CaO con el CO, serfa muy baja a las temperaturas
convencionales de esta tecnologia. Por tanto, no existe una ventaja clara para incorporar
esta tecnologia de captura frente a un sistema de absorciéon quimica con aminas en un
CCGN salvo por evitar posibles emisiones derivadas de la degradacion de la amina, ya que
la penalizacion energética derivada de la captura de CO, con MEA es entre 2 y 4 puntos
porcentuales menor que empleando CaO (Berstad et al., 2012). Por tanto, en este apartado
se estudian dos configuraciones de proceso para la aplicacion de los ciclos de
carbonatacién/calcinacién de CaO a un gas de combustion procedente de la caldera de una
CT de carbon, dejando el analisis de los CCGN para la aplicacion en sistemas de pre-
combustién. En concreto, se analiza la aplicacion de este proceso de captura de CO, al gas
de combustién de una CT de carbén existente y se propone una posible configuracién de
CT de carbén de nueva construcciéon, que incorporarfa un sistema de

carbonatacién/calcinacion de CaO.

1.3.2.1. Sistema de dos reactores de lecho fluidizado circulante. Aplicacién a CT

existentes de carbon

Tal y como se ha explicado anteriormente en la seccién 1.3.1, la configuracién mas
adecuada para operat el sistema de carbonatacién/calcinacién para separar el CO, del gas
de combustion de una CT existente de carbén se basa en dos reactores de LFC
interconectados entre si, debido al volumen de gas y sélido que es necesario tratar. Este
tipo de reactores de LFC se encuentran disponibles a escala comercial y confieren
importantes ventajas a esta aplicacion ya que permiten operar a presion atmosférica, hacer

circular facilmente los sélidos entre los reactores de carbonatacion y calcinacién, aumentar
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el dempo de residencia de los sélidos en cada reactor, y facilitar el aporte/purga de
sorbente en el sistema. Por tanto, para esta aplicacion, el sistema de reactores sera similar a
los reactores comerciales de LFC en lo que respecta a dimensiones de reactor,
caracteristicas del sélido y dispositivos mecanicos (ciclones, lineas de retorno de soélidos,
sistemas de control de flujo de solidos, etc...), y debera operar con inventarios de sélidos
(200-1000 kg/m?), circulaciones de sélidos (1-45 kg/m’s) y velocidades supetficiales del

gas (4-6 m/s), similares que los reactores comerciales (Johansson et al., 2007).

El gas de combustion procedente de la CT de carbén se alimenta al reactor de
carbonatacion del sistema de captura de CO, representado esquematicamente en la figura
1.8 que, como ya se ha comentado anteriormente, debe operar en un rango de 600-700°C.
Habitualmente se propone quemar carbén adicional con O, en el calcinador para aportar la
energia necesaria en este reactor cuando este sistema de captura de CO, se aplica al gas de
combustiéon de una CT de carbén (Shimizu et al., 1999). De esta manera, a la salida del
calcinador se obtiene principalmente CO, y vapor de agua, facil de eliminar por

condensacion.

El uso de carbén como combustible en el calcinador implica la formacion de CaSO, en el
sistema. La baja actividad de los sorbentes de CaO naturales obliga a trabajar con elevadas
circulaciones de sélido en el sistema (ratios molares de Ca/C elevados, es decit,
Fe./Fe0,>5) para conseguir E_ elevadas. Esta circulacion de solidos hace que el sistema de
captura opere con elevados valores del ratio molar Ca/S, al menos un orden de magnitud
superior al empleado en los sistemas de desulfuracion, y que por tanto todo el SO, presente
en el sistema reaccione con el CaO para formar CaSO, (Rodriguez et al, 2008). Sin
embargo, precisamente debido al alto ratio Ca/S, la fraccién molar de CaSO, serd muy
pequena en relacién a la de CaCOs, y no se prevé que el mayor volumen molar del CaSO,
respecto al del CaCO; dificulte la difusion del CO, para reaccionar con el CaO (Grasa et al.,
2008). Datos experimentales publicados recientemente para la planta piloto de 1.7 MW
térmicos de La Pereda han corroborado estas predicciones (Arias et al., 2013). En cualquier
caso, en este sistema va a ser necesario realizar una purga de sélidos que compense el
aporte de caliza fresca y elimine las cenizas introducidas con el carbén, el CaSO, formado y
el CaO desactivado, para evitar asi su acumulacién en el sistema (tal y como se ha indicado

en la figura 1.8).
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El total de energfa suministrada en el calcinador en forma de combustién de carbon
adicional se emplea (1) en suministrar la energfa necesaria en la reacciéon endotérmica de
calcinacion (tanto del CaCO; procedente del carbonatador como del CaCOj en el aporte de
sorbente fresco) y (2) en calentar los sélidos procedentes del carbonatador hasta la
temperatura a la que opera el calcinador (~900°C). Esta demanda de energfa representa una
fraccion importante del total de energia necesaria en el proceso completo (30-50 %),
considerando éste como la CT de carboén existente junto con el sistema de captura de CO,
de la figura 1.8. Sin embargo, como ya se ha adelantado, la principal ventaja de este sistema
de captura de CO, es que la energfa aportada al calcinador se recupera principalmente en el
interior del carbonatador a 600-700°C y como corrientes gaseosas a alta temperatura a la
salida del carbonatador y del calcinador. Toda esta energia recuperada se puede aprovechar
para generar vapor y producir potencia adicional en un ciclo de vapor, lo que permitirfa

reducir la penalizacion energética asociada a la implantacion del sistema de captura de CO,.

La penalizacion energética que resulta de integrar esta nueva CT de oxi-combustion en la
CT existente proviene de la unidad de separacion de aire necesaria para suministrar el O, en
el calcinador, que cuenta con un consumo eléctrico de ~190-220 kWh/ton O, producido, y
del compresor de CO, necesario para acondicionar la presion de la corriente de CO, puro
obtenida hasta la presion final necesaria para su almacenamiento (~110-150 bar) y que es

inherente a cualquier sistema de captura de CO,.

En la seccion 3.2.1 de esta memoria se estudia la incorporacion de este sistema de captura
de CO, basado en los ciclos de carbonatacion/calcinacion de CaO en una CT existente de
carbon y se plantea una posible integracion de los flujos de energia disponibles para generar
potencia adicional en un ciclo de vapor, analizando la contribucién de cada una de las

anteriores penalizaciones energéticas.

1.3.2.2. Sistema de tres lechos fluidizados conectados entre si. Aplicacion a

nuevas CT de carb6n con captura integrada de CO,

A pesar de las ventajas potenciales de la tecnologia de captura de CO, mediante los ciclos

de carbonatacién/calcinacion de CaO, es importante buscar nuevas configuraciones de
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proceso con el objetivo de reducir el coste y el tamafio de los equipos implicados en este
proceso. Uno de los factores mds importantes, que determinard el tamafio del sistema
completo de captura de CO, y que interesa optimizar al maximo, es el consumo de energfa
en el calcinador. Como se ha visto en la tabla 1.3, se han planteado numerosas alternativas
en la literatura con el objetivo de reducir dicho consumo de energia en el calcinador y/o de

prescindir de la costosa unidad de separacion de aire.

En esta memoria, se plantea otra alternativa que consiste en un nuevo concepto de CT de
carbon con captura integrada de CO, con CaO que busca prescindir del aporte externo de
energia al calcinador, aportando la energia necesaria mediante una corriente de sélidos
calientes provenientes de un combustor que opera a mayor temperatura. El diagrama
esquematico de este nuevo concepto es el que se representa en la figura 1.10. De acuerdo
con este diagrama conceptual basado en tres reactores de lecho fluidizado conectados entre
si, la principal diferencia con el esquema basico de carbonatacién/calcinacion de la figura
1.8 es la existencia de un segundo bucle de circulacién de soélidos entre el calcinador y el
combustor, que opera a una temperatura elevada (>1000°C) suficiente para suministrar al

calcinador la energfa necesaria en la calcinacion.

Gas combustion Gas combustion
(Fco2) Co, (bajo contenido CO,)

Ca0
caliente

CALCINADOR CARBONATADOR ,
CaC0,—-Ca0+CO, Ca0+C0,—CaCo; _b}Energia
~900°C 600-700°C

COMBUSTOR
>1000°C

Gas combustion
(Fcoo)

Carbén Aire Caliza Purga

fresca (Fo)

Figura 1.10. Diagrama conceptual de un nuevo concepto de CT con captura de CO integrada

mediante el sistema de carbonatacién/calcinacion con CaO

Los gases generados en el combustor como resultado de la combustiéon de carbén con aire
se introducen en el carbonatador del sistema de captura. El CO, de estos gases (F,)
reacciona con un flujo de CaO (F,) proveniente del reactor de calcinacion para formar

CaCO; a una temperatura de 600-700°C. La corriente sélida resultante, compuesta
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principalmente por el CaCO; formado y el CaO sin reaccionar, se alimenta al calcinador
donde el CaCO; se descompone gracias a la energfa suministrada en forma de calor
sensible por la corriente de sélidos calientes provenientes del combustor (principalmente
CaO y cenizas a ~1050°C), que se enfrian hasta la temperatura de operacién del calcinador
(~900°C). De esta forma, no es necesario aportar energia al calcinador quemando carbon
adicional y se prescinde de la unidad de separacion de aire. El gas a la salida del calcinador
sera CO, puro siempre y cuando el gas introducido para fluidizar el sélido sea una fraccion
del gas a la salida del mismo reactor de calcinaciéon. No obstante, es posible aumentar la
velocidad de calcinacion y/o disminuir la temperatura del calcinador si se introduce vapor
en el calcinador o si se reduce la presion de operacion del calcinador por debajo de la
presion atmosférica. En cualquier caso, los sélidos a la salida del calcinador se dividen en
tres fracciones. Una fracciéon se envia al carbonatador para retener el CO, del gas de
combustion, una segunda se transporta al combustor para ser calentada y retornar de nuevo
al calcinador, y la dltima abandona el calcinador a modo de purga de sélidos para eliminar

cenizas, CaO desactivado y CaSO, formado.

El combustor y el carbonatador de la figura 1.10 pueden disefiarse como reactores de LFC
para facilitar la recuperacion de calor y aumentar el tiempo de residencia de los sélidos en
ambos reactores. El calcinador podria consistir en un reactor de LFB en el que se
mezclarfan los solidos a alta temperatura procedentes del combustor y la corriente de
solidos a 600-700°C del carbonatador. El aporte de sorbente fresco necesario en el sistema
para mantener la actividad del CaO y para compensar el material eliminado con la purga de
solidos se realiza en el calcinador, como se indica en la figura 1.10. Debido a la ausencia de
la unidad de separacion de aire, la unica penalizacién importante en este proceso proviene

del consumo del compresor de CO,.

El analisis de este proceso y el aprovechamiento de la energfa generada en forma de
corrientes gaseosas a alta temperatura y de energia en el carbonatador, es uno de los
trabajos incluidos en esta memoria, y se describe detalladamente en la seccién 3.2.2.
Aunque en el trabajo incluido en esta memoria se ha considerado el uso de carbon en el
combustor, la configuraciéon de reactores de la figura 1.10 permitirfa el uso de otro

combustible fésil o renovable, siempre y cuando el nuevo combustible presente un PCI
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medio/alto y presente elevadas eficacias de combustién en el rango de temperatura de 975-

1050°C sin ocasionar problemas de aglomeracién y/o fusion de cenizas.

1.3.3. Captura de CO, con CaO en sistemas de pre-combustion

Como se ha wvisto en la seccion 1.3.1, la aplicacion de los ciclos de
carbonatacién/calcinacién con CaO como sistema de captura de CO, en pre-combustién
consiste basicamente en introducit un sorbente con CaO activo a la etapa de
gasificacion/reformado, con el objetivo de eliminar el CO, formado de la fase gas. Como
parte de esta Tesis Doctoral se ha profundizado en el campo de aplicaciéon del proceso de
carbonatacién/calcinacién en procesos de reformado de gas natural. Se han estudiado dos

configuraciones distintas de reformado de gas natural con captura in situ de CO,

empleando CaO como sorbente, que se describen a continuacion en las siguientes

secciones 1.3.3.1 y 1.3.3.2.

1.3.3.1. Sistema de dos lechos fluidizados circulantes. Reformado de gas natural

con vapor con captura in situ de CO, mediante CaO

El concepto de incorporar un sorbente de CO, basado en CaO en el reactor de reformado
de hidrocarburos gaseosos (gas natural o naftas) favorece la formacion de H,, simplifica el
proceso y mejora la eficiencia del proceso con respecto de la tecnologia comercial de
produccién de H,. El diagrama conceptual de este proceso de reformado de gas natural (6
CH,) con vapor con captura i situ de CO, mediante CaO es el que se representa en la
figura 1.11. En el reactor de reformado se introduce un sorbente de CaO junto con el
catalizador de reformado (habitualmente basado en niquel) de manera que tienen lugar en
una Unica etapa la reaccién de reformado de CH, (reacciéon 1.2), reaccion de WGS

(reaccion 1.3) y la reaccién de carbonatacion del CaO (reaccion 1.1).
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La reacciéon de eliminacién de CO, o carbonatacion favorece el equilibrio termodindamico
de las reacciones de reformado y de WGS hacia la formacién de H,, y permite obtener un
gas con una concentraciéon de H, en torno a 96 % (en base seca) operando a temperaturas
de 600-700°C, mucho mas bajas que en el SMR convencional (Han and Harrison, 1994;
Balasubramanian et al., 1999; Hufton et al., 1999). Ademas, la reaccion de WGS se ve
favorecida por la eliminaciéon de CO, y no van a ser necesarias las etapas posteriores de
WGS a alta y baja temperatura existentes en el proceso convencional, con la consiguiente
simplificaciéon del proceso y reduccién del coste de inversion. Por dltimo es importante
destacar que, al ocurrir las reacciones en el mismo reactor, la energfa liberada por las
reacciones exotérmicas de carbonatacion y de WGS compensa la energia necesaria en la
reacciéon de reformado, de manera que la entalpia de la reacciéon global resulta ser
ligeramente exotérmica (AH,., s, 205 x=-14.1 k] /mol). De esta forma, a diferencia de lo que
ocurria en el proceso convencional de produccién de H,, no va a ser necesario un aporte
externo de energfa en el reactor de reformado e incluso se puede recuperar energfa de

dicho reactor (Harrison, 2008).

H,, H,0
(CH,,CO, CO,) co,

REFORMADO- |Riachiiiay

. CALCINADOR
CARBONATACION A~ Energia
CaCO3—>CaO+C02 k. o (GN+0,)
650-750°C : 2

CaO (Fca) ~900°C

Nathl?al H:0 Caliza Purga
fi F
(CH,) resca (Fy)

Figura 1.11. Diagrama conceptual del proceso de reformado de gas natural con vapor con captura

in situ de CO, mediante el sistema de carbonataciéon/calcinacion con CaO

Con el objetivo de operar el sistema de forma continua, la corriente de solidos a la salida
del reactor de reformado se introduce en el reactor de regeneraciéon o calcinador en el que
tiene lugar la descomposicion del CaCOj; en CaO, para ser usado en un nuevo ciclo de
carbonatacién/calcinacion. Al igual que en la aplicacién en sistemas de post-combustion,
generalmente se propone aportar la energfa necesaria en el calcinador quemando con O,

combustible adicional, en este caso gas natural, para evitar diluir el CO, generado durante la
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calcinacion del CaCO; (Ochoa-Fernandez et al., 2007; Romano et al., 2011). No obstante,
existen otras opciones posibles para aportar la energia necesaria en el calcinador, que ya se

han sido descritas en la tabla 1.3 y que serfan aplicables al proceso descrito en la figura 1.11.

A pesar de la capacidad del CaO para reaccionar con el azufre presente en el gas natural, y
dar lugar a la formacién de CaS en el carbonatador que se oxida a CaSO, en el calcinador,
el catalizador de niquel empleado habitualmente en procesos de reformado de CH, se
desactiva en presencia de azufre, lo que obliga a desulfurar el gas natural antes de ser
introducido en los reactores de reformado y de calcinaciéon. En el caso de emplear un
sorbente natural como precursor de CaO, que presenta escasa estabilidad quimica y
mecanica con los ciclos, serfa necesario un aporte de sorbente fresco al sistema (indicado
con I, en la figura 1.11) para compensar la pérdida de capacidad de absorcion de CO, del
material y la pérdida del sistema por atricion. En este caso, la presencia de un catalizador
metalico en el sistema obligarfa a reducir la purga de sélido al minimo para evitar pérdidas
de catalizador del proceso, que supondrian un aumento de los costes de operacion. No
obstante, el uso de un combustible limpio (apenas sin azufre y sin cenizas) en el calcinador
ofrece la posibilidad de emplear sorbentes sintéticos que se busca que posean, entre otras
propiedades, una elevada capacidad de captura de CO, con los ciclos para reducir al

minimo o incluso prescindir del aporte de sorbente fresco en el sistema (Harrison, 2008).

La configuracién mas adecuada de reactores para llevar a cabo el proceso de la figura 1.11 a
mayor escala son dos reactores de lecho fluidizado conectados entre si, debido a las
principales ventajas que su uso aportarfa a este proceso (disponibilidad comercial,
circulacién de sélido entre reactores, facil aporte/purga de solido, etc...), tal y como se ha
comentado en las secciones 1.3.1 y 1.3.2.1 anteriores. Esta configuraciéon de reactores
cuenta con la limitaciéon de tener que operar a presiones bajas, cercanas a la atmosférica,
para conseguir un mejor control de la circulaciéon de sélidos entre ambos reactores y asi un
mejor funcionamiento del sistema. Operar a presion atmosférica en este proceso supone
una ventaja desde el punto de vista termodinamico ya que, segun la estequiometria de la
reaccion de reformado de CH, (reaccion 1.2), bajas presiones favorecen la produccion de
H,. Sin embargo, las aplicaciones del H, a baja presion son poco comunes, y la corriente
rica en H, obtenida en el reformador-carbonatador de la figura 1.11 necesita ser

comprimida para su uso final en procesos de producciéon de amonfaco o metanol,
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combustible en turbinas de gas, o en procesos de hidrotratamiento e hidrocraqueo en
refinerfas. Esta etapa de compresion de H, conlleva un consumo eléctrico y, por tanto,
representa una de las penalizaciones energéticas en este proceso. Los restantes focos de
penalizacién se encuentran en el consumo asociado a la unidad de separacion de aire y en la

etapa de compresion del CO, obtenido.

El andlisis de una planta de producciéon de H, basada en este proceso y el aprovechamiento
de la energfa generada en forma de corrientes gaseosas a alta temperatura y de energia en el
carbonatador, es otro de los trabajos incluidos en esta memoria, y se describe

detalladamente en la seccién 3.3.1.

1.3.3.2. Sistema de reactores de lecho fijo. Nuevo proceso de produccion de H,

y/o electricidad con captura in situ de CO, mediante CaO

Con el principal objetivo de prescindir de la unidad de separacién de aire necesaria en el
proceso de la figura 1.11, se plantea el proceso que se presenta a continuacioén que propone
el uso del sistema Cu/CuO para suministrar la energfa necesaria en la etapa de calcinacion
del CaCO; mediante la reduccién exotérmica del CuO. El diagrama conceptual de este
proceso se muestra en la figura 1.12. La configuracién que se analiza en esta memoria es la
de un sistema de reactores de lecho fijo que van pasando por las distintas etapas del
proceso, cambiando su presién y su temperatura, para favorecer la produccién de una
corriente de H, y una corriente concentrada de CO,. Serfa posible plantear otros
procedimientos conceptualmente similares al mostrado en la figura 1.12 en reactores de
distinto tipo. Sin embargo, en esta memoria se analiza la configuracién en reactores de
lecho fijo porque es la que permite explotar mejor las caracteristicas del proceso,
aprovechando la elevada experiencia y conocimiento en reactores de lecho fijo a 'presiones
alternantes' con gases y sélidos a altas presiones y temperaturas (Abanades and Murillo,

2009).
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H, (steam) NG + steam

L A)CaO > caco;, eJ

(Ni, Cu)

el

9 cwo> cu ) cu> cuo

CaCO; > Ca0
(NiO>> Ni)

fuel J L air

(Ni > NiO, Cac03)

Figura 1.12. Diagrama conceptual del proceso de produccién de Hz basado en los ciclos de

CaO/CaCOs3y Cu/CuO

La primera de las etapas del proceso (etapa A en la figura 1.12) consiste en la produccién
de H, mediante reformado de gas natural con vapor en presencia de CaO, del catalizador
de Ni y del sélido de Cu (ambos metales en estado reducido provenientes de la etapa
anterior). Esta etapa es analoga a la etapa de reformado-carbonatacién de la figura 1.11 con
la salvedad de que ocurre en un reactor de lecho fijo y que por tanto va a operar a presion
elevada (15-20 bar), reduciendo el consumo posterior de compresiéon de H, o haciéndolo
incluso innecesario. Los materiales de Cu y Ni permanecen inalterados en esta etapa A. En
la siguiente de las etapas del proceso (etapa B de la figura 1.12) se alimenta aire diluido a
presion en el reactor para que tenga lugar la oxidacion del material de Cu presente en el
sistema (reaccion 1.4). Puesto que la oxidaciéon del Cu es fuertemente exotérmica, es
importante controlar la temperatura en esta etapa para evitar una posible degradacion del
material, posibles reacciones secundarias del Cu y evitar una descomposiciéon prematura del
CaCOj presente en el lecho, que supondria una pérdida de CO, con el gas de salida de esta
etapa B. El control de temperatura en esta etapa se lleva a cabo limitando la temperatura y
la concentracion de O, en el gas alimentado a esta etapa B del proceso a valores de 150-

300°C y 3-4 Y%vol. de O,, respectivamente.

La udltima de las etapas (etapa C de la figura 1.12) consiste en la calcinaciéon del CaCO,
formado en la etapa A gracias a la energfa que aporta la reduccién exotérmica del CuO

formado en la etapa B. Para reducir el CuO se alimenta al reactor en esta etapa CH,, CO,

49



H, o mezclas de ellos (teacciones 1.5, 1.6 y 1.7). Es importante controlar el ratio Cu/CaO
en el proceso para asegurar que la etapa C es térmicamente neutra, y que por tanto la
energfa liberada en la reduccion del CuO en la etapa C es la necesaria para calcinar el
CaCOj que formado en la etapa A. Esta tltima etapa C opera a presion atmosférica con el

objetivo de evitar temperaturas muy altas de calcinacion.

4CuO + CH,, — Cu +CO, + 2H,0 AHopc =—1953k /mol  (1.5)

Existen basicamente dos configuraciones de proceso posibles para este proceso de

produccién de H, basado en la combinacion de los ciclos de CaO/CaCO; y Cu/CuO:

(1) Produccién combinada de H, y electricidad. La corriente concentrada en H, obtenida en

la etapa A del proceso se somete a una etapa de purificaciéon para eliminar impurezas (CH,
no convertido, H,O, CO, CO,) y obtener asi una corriente de H, puro a presioén, que
constituye uno de los productos del proceso. Al mismo tiempo, el gas generado en la etapa
B de oxidacién del Cu, que se encuentra a presion y temperatura elevada, se aprovecha para
producir electricidad al expanditlo en una turbina de gas. Por ultimo, la energfa recuperada
del enfriamiento de las corrientes a alta temperatura disponibles en el proceso (gas de la
etapa A y C) se aprovecha para generar el vapor sobrecalentado a presion que se necesita,

principalmente, en la etapa A del proceso de produccion de H, de la figura 1.12.

(2) Produccién exclusiva de electricidad, empleando la corriente de H, obtenida en la etapa

A del proceso como combustible en la camara de combustiéon de la turbina de gas de un
ciclo combinado. En este caso, el aire comprimido en la etapa B del proceso proviene de
una fraccion del aire a la salida del compresor de la turbina de gas del ciclo combinado,
mientras que el vapor necesario en el proceso de producciéon de H, es extraido del ciclo de
vapor de dicho ciclo combinado. Por tanto, es necesario ajustar las condiciones de las
distintas etapas del proceso de produccién de H, de la figura 1.12 con las condiciones de

operacion del ciclo combinado, para conseguir asi una integracion de ambos sistemas.
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En la seccién 3.3.2 de la memoria, se analizan con mas detalle estas dos configuraciones
posibles de produccién de H, y/o electricidad, estudiando las condiciones de operacion
mas adecuadas en cada caso desde el punto de vista de rendimiento a H,, emisiones de CO,

y/o consumo de enetgia.
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resultados y redaccion de los articulos. En la publicacion VIII se participd en la campafia

experimental, y en la redaccion del articulo. El trabajo para las publicaciones V y VI se

realiz6 durante una estancia de 3 meses en el Departamento de Energfa del Politécnico de

Milan.

Todo el trabajo incluido en esta Tesis Doctoral ha sido contribuciéon a los siguientes

proyectos de investigacion (ordenados de mas a menos reciente):

Produccién de hidrégeno con captura de CO, mediante nuevos ciclos de
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2. Metodologia

Como ya se ha descrito a lo largo de la Introduccion, los procesos productivos objeto de
estudio en esta Tesis Doctoral en los que se ha estudiado la implantacion de un sistema de

captura de CO, mediante los ciclos de carbonatacién/calcinacién con CaO son:

o Centrales térmicas de carbén existentes y/o de nueva construccioén para produccion

de electricidad (aplicacion del proceso de captura de CO, en post-combustion)

e DPlantas de reformado de gas natural con vapor para produccién de hidrégeno y/o

de electricidad (aplicacion del proceso de captura de CO, en pre-combustion)

En ambos tipos de procesos se ha contribuido, en mayor o menor medida, en 3 niveles de
trabajo diferentes dependiendo de las necesidades y lagunas de conocimiento que era
necesario cubrir de acuerdo con el trabajo publicado en la literatura en el momento de

realizacion del presente trabajo.

A nivel de proceso, se han desarrollado modelos de simulacién de plantas de tamafio real
para los procesos productivos citados empleando Aspen Hysys como plataforma de
simulacion. Generalmente en los modelos de simulacion desarrollados en esta Tesis
Doctoral, se ha hecho uso de las unidades de operaciéon o equipos de los que dispone
Aspen Hysys (reactores, intercambiadores de calor, etapas de expansiéon y compresion,
mezcladores, separadores de fases/componentes/cortientes...) para construir de la manera
mas rigurosa posible la estructura basica del diagrama de flujo de cada uno de los procesos
estudiados. De forma excepcional (en aquellos trabajos en los que se especifica en la
memoria) se ha desarrollado un modelo de reactor que se ha integrado en el diagrama de
flujo del proceso estudiado mediante una herramienta de Aspen Hysys denominada 'User
Unit Operation’, en la que se introduce el codigo en Visual Basic correspondiente a la
secuencia de calculo de dicho reactor afiadiendo asi un mayor realismo al modelo de
simulacién. Debido a las limitaciones de Aspen Hysys para la operaciéon con materiales
solidos, fue necesario definir un compuesto 'hipotético' para cada uno de los solidos
involucrados en los procesos analizados. Estos compuestos 'hipotéticos' son compuestos
que tienen las mismas propiedades del sélido en cuestiéon (peso molecular, densidad,
entalpia de formacién/combustion, calor especifico), y que se definieron con el objetivo de

poder manejar las reacciones gas/solido que tienen lugar. Todas las propiedades de los
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solidos involucradas se han tomado del libro ‘Chemzical Engineers’ Handbook, 5th Edition’ de
R.H. Perry y C.H. Chilton (1973).

Estos modelos de simulaciéon desarrollados para los distintos procesos productivos
permiten resolver los balances de materia y energia en estado estacionario para calcular las
dimensiones de los reactores o la circulacion de solido necesaria para cerrar
convenientemente estos balances. En la mayorfa de los trabajos de simulacién a nivel de
proceso desarrollados en esta Tesis Doctoral, se han modificado diversos parametros de
operacion del sistema de captura de CO, para determinar su influencia en el rendimiento
global (eléctrico o de produccién de hidrogeno), y llevar a cabo una optimizacién del
funcionamiento del proceso productivo simulado. Debido al escaso desarrollo tecnolégico
de los procesos de produccion de hidrégeno a partir de gas natural con captura de CO, con
CaO estudiados en esta Tesis Doctoral, la mayoria del trabajo desarrollado en esta
aplicacion en pre-combustion se centra principalmente en el disefio preliminar a nivel de

proceso de distintas plantas de produccién de hidrégeno y/o electricidad.

A nivel de unidades de operaciéon, se han elaborado modelos de reactor para las
principales unidades involucradas en las distintas configuraciones estudiadas del proceso de
captura de CO, con CaO. Concretamente, se ha desarrollado un modelo de reactor de
carbonataciéon y un modelo de reactor de calcinacién que se han empleado en la aplicacion
en post-combustiéon de este proceso de captura de CO,. Los modelos de reactor se han
basado en sencillas hipotesis fluidodinamicas y de reacciéon ya que estos modelos han
formado parte de un modelo de simulacién mas complejo, en el cual el objetivo era
estudiar el funcionamiento del proceso a escala global. Para el caso del modelo de
carbonatacion, el cédigo en Visual Basic implementado en el diagrama de flujo desarrollado
en Aspen Hysys se incluye en el Apéndice 1 de esta Tesis Doctoral. En lo que respecta al
modelo de calcinacién, no se ha integrado en ninguno de los diagramas de flujo a nivel de
proceso desarrollados. Sin embargo, las predicciones de dicho modelo de calcinaciéon (en
cuanto a conversion de calcinacién y temperatura) si que han sido empleadas como

condiciones de operacion en algunos de los modelos de simulacion a nivel de proceso.

A nivel de particula, se ha estudiado la cinética de la reacciéon de calcinacion del CaCO; y

la cinética de reducciéon del material de Cu involucrada en uno de los procesos de
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producciéon de hidrégeno estudiados. En ambos casos la cinética se ha obtenido
experimentalmente mediante analisis termogravimétrico, siguiendo un procedimiento
experimental especifico en cada caso. A continuacion se describe la termobalanza empleada
en cada caso, el procedimiento experimental seguido y las técnicas analiticas empleadas
para la caracterizaciéon de las calizas y el solido de cobre empleados y conocer asi sus

propiedades quimicas y texturales.

Determinacion de la cinética de calcinacion de las calizas

La determinaciéon de la cinética de calcinacion de particulas de CaCO; que han
experimentado multiples ciclos de calcinacion/carbonatacion  resulta esencial en el
desarrollo del modelo de reactor de calcinacion para reducir el consumo de energia en este
reactor. La termobalanza empleada para realizar los experimentos opera a presion
atmosférica y fue disefiada especialmente para llevar a cabo estudios de reactividad en
multiples ciclos de carbonatacion/calcinacién. La termobalanza consiste en una
microbalanza o cabeza situada en la parte superior (CI Electronics Ltd.), un reactor de
cuarzo, un horno con dos zonas de calentamiento independientes mediante resistencias
eléctricas, y un sistema de medicién y control de la temperatura de los hornos y del
termopar situado dentro del reactor de cuarzo (practicamente al lado de la cestilla donde se
encuentra la muestra). Los datos de temperatura de los hornos y de la muestra as{ como el

peso de la muestra se registran en continuo en un ordenador.

El caudal y la composicién de la mezcla de gas reaccionante (CO, 6 CO,/aire) se regula
mediante controladores de flujo y se alimenta al reactor de cuarzo desde la parte inferior. El
gas en su recorrido ascendente hacia la cestilla se calienta hasta alcanzar la temperatura del
horno en el que se encuentra situada la cestilla. Una vez alcanza la muestra y tiene lugar la
reaccién de carbonatacién o de calcinacion, el gas abandona el reactor de cuarzo por una
salida lateral situada en la parte superior. Para evitar que el mecanismo de la cabeza de la
termobalanza quede expuesto a la atmoésfera de reaccion y prevenir asi la corrosion de las
partes electronicas de la cabeza, se hace circular un flujo de nitrégeno constate en la cabeza

de la termobalanza que evitaria que los gases de reaccion alcanzaran la cabeza.
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La muestra solida se coloca en una cestilla suspendida en una varilla conectada a la cabeza
de la termobalanza y colocada en una posicion fija en el interior del reactor de cuarzo. Esta
termobalanza tiene la caracteristica especial de contar con dos zonas de calentamiento en el
horno capaces de operar a distinta temperatura. El horno se desplaza gracias a un piston
neumatico y a unas electrovalvulas, de manera que la posicion del horno cambia con
respecto de la muestra, que vera modificada su temperatura entre la de calcinacion y la de
carbonatacion. El cambio en la posicion de los hornos se sincroniza con el cambio de la
mezcla de gas introducida al reactor para conseguir trabajar con la composiciéon deseada en

cada etapa.

El analisis termogravimétrico de las calizas estudiadas consistié en realizar 10 ciclos de
calcinacién/ catbonatacién con cada una de ellas, con una duracién aproximada de ciclo de
12 min (4 min para la calcinacién y 8 min para la carbonatacion). Se realizaron analisis
preliminares en la termobalanza para determinar aquellas condiciones de caudal de gas y de
cantidad de muestra para las cuales se trabaja en ausencia de resistencia externa a la
difusion del gas en la muestra. Se determiné que trabajando con aproximadamente 2 mg de
muestra y un caudal total de 4 1,;/h se trabajaba en ausencia de dicha resistencia externa. El
calentamiento inicial de la muestra hasta la temperatura de calcinacion se llevo a cabo en
100 %vol. de CO, para evitar una descomposicion del CaCOj durante el calentamiento.
Una vez alcanzada la temperatura de calcinacion, se modificé la composicion del gas
reaccionante hasta conseguir la concentracion de CO, deseada (de 0 a 100 %vol. de CO, en
aire). La temperatura de calcinacion se estudié para distintos valores en un rango de 820 a
910°C. La carbonataciéon se llevo a cabo a una temperatura lo mas cercana posible a la de
calcinacién (820-840°C) siempre en 100 Y%vol. de CO,, para minimizar la descomposicion
de CaCO; durante el calentamiento hasta la temperatura de calcinacién. Se realizaron
experimentos sin muestra (con la cestilla vacia) para determinar posibles influencias en el
peso de la cestilla al cambiar la densidad del gas debido a su calentamiento a su paso por el
reactor. Ademas, al final de cada experimento se peso6 la muestra en una balanza para poder
corroborar la conversion calculada a partir de dicho peso con la calculada a partir de los
resultados obtenidos en la termobalanza. Se comprob6 que ambos valores de conversion

eran muy similares en todos los casos.
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En el estudio cinético se realizaron los experimentos con dos calizas (Imeco y Piasek,
denominadas A y B en el trabajo correspondiente) cuya composicién y caracteristicas
estructurales eran similares. Para la caliza A se emplearon cuatro tamafios de particula
diferentes: 75-125, 125-300, 300-600 y 600-800 um, y para la caliza B unicamente el tamafio
de 75-125 wm. Ambas calizas se caracterizaron mediante las siguientes técnicas analiticas,
todas ellas disponibles en el Servicio de Analisis del Instituto de Carboquimica (ICB) del

CSIC:

e Espectroscopia de Emision Atémica por acoplamiento inductivo de plasma
(ICP-OES) para determinar la composicion de las cenizas de ambas calizas.

e Porosimetria de mercurio para determinar el volumen de poros y la distribucion
de tamafio para los macro y mesoporos (de 10° hasta 3.5 nm de didmetro).

e Adsorcion de N, para determinar su isoterma y la superficie especifica o el area
superficial de ambas calizas mediante el método o ecuaciéon BET (Brunauer,
Emmett y Teller).

e Microscopia electronica de barrido (SEM) para obtener imagenes de la
morfologia de ambas calizas. Esta técnica se aplico para la caliza A parcialmente
calcinada con el fin de corroborar las observaciones obtenidas del analisis
termogravimétrico acerca de una reaccion homogénea en toda la superficie de la

particula.

Determinacion de la cinética de reduccion del material de cobre

La determinacion de la cinética de reduccion es imprescindible para el disefio del proceso
de produccién de hidrégeno basado en los ciclos de CaO/CaCO; y Cu/CuO, cuya
principal novedad es la calcinacién del CaCO; mediante la reduccién exotérmica de CuO.
El equipo experimental empleado consiste en una termobalanza CI Electronics Ltd., un
sistema de alimentacién de gases y un sistema de recogida de datos de temperatura del
horno y peso de la muestra. La termobalanza empleada opera a presion atmosférica, y
consiste en una microbalanza o cabeza, un reactor de cuarzo, un horno eléctrico y un

sistema de medicién y control de la temperatura en el interior del horno.

El horno puede llegar a operar a temperaturas de hasta 1000°C y se calienta mediante

resistencias eléctricas. Contiene un termopar en su interior conectado a un sistema de
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control de temperatura, que permite medir y controlar en todo momento la velocidad de
calentamiento del horno y la temperatura del mismo, que en definitiva, va a ser la de la
muestra. En el interior del horno se encuentra el reactor de cuarzo que consiste en dos
tubos de cuarzo concéntricos de diferente diametro. La mezcla de gas reaccionante se
alimenta por la parte superior del reactor de cuarzo y desciende por la secciéon anular entre
los dos tubos de cuarzo hasta llegar a la cestilla de platino que contiene la muestra, situada
en el fondo del reactor. En su recorrido descendente por la seccion anular del reactor, el
gas se calienta hasta la temperatura del horno. Una vez en contacto con la muestra, el gas
reacciona y abandona el reactor por la parte superior del tubo de cuarzo de menor
diametro. Andlogamente a la termobalanza empleada para la determinacion de la cinética de
calcinacién, se hace circular un flujo constante de nitrégeno en la cabeza de la
termobalanza para evitar que las partes electronicas queden expuestas al gas reaccionante y

prevenir asi la corrosion de las mismas.

El analisis termogravimétrico del material de cobre preparado para la determinacion de la
cinética de reduccién consistié en realizar sucesivos ciclos de reduccién/oxidaciéon para
asegurar la reproducibilidad de los datos obtenidos con los ciclos. Cada ciclo consistié en
un periodo de reduccién (5 min) a la temperatura y concentraciéon deseadas, un periodo de
purga de 1 min de duracién con nitrégeno para limpiar el reactor y evitar el contacto de los
gases alimentados en la reduccién con los de la oxidacién, y finalmente un periodo de
oxidacion (5 min) a la misma temperatura que la reducciéon en una atmésfera de 10 %vol.
de O, en N,. El calentamiento inicial de la muestra hasta la temperatura de reducciéon se
llevd a cabo en N, para evitar una descomposicion prematura del CuO durante el

calentamiento.

Los experimentos se realizaron para el material tanto en forma de polvo (didmetro de
particula de 200-400 um) como en forma de pellet (2.5 mm de diametro y 2 mm de altura).
Se realizaron analisis preliminares para determinar aquellas condiciones de caudal de gas y
de cantidad de muestra en la cestilla para las cuales se trabajaba en ausencia de resistencia
externa o resistencia entre las particulas a la difusiéon del gas en la muestra. Se determiné
que operando con aproximadamente 6.5 mg de sélido en polvo 6 50 mg para el caso del

pellet (que se corresponde con el peso aproximado de un unico pellet), era necesario un
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caudal de 17 1/h de caudal total de gas para asegurar que se trabaja en ausencia de dicha

resistencia externa.

La cinética de reduccién se estudié modificando la temperatura entre 550 y 850°C
empleando CH,, CO, H, y mezclas de CO/H, como gas reaccionante. La concentracion
del gas reductor o mezcla de gases reductores se modificé de 0 a 50 %vol. en N,. Para los
experimentos de reducciéon empleando CH,, se aliment6 un 20 % de H,O a la mezcla de
gas reaccionante para evitar la deposicion de carbono sobre el material y evitar asi una
modificaciéon de los pesos de muestra obtenidos. Cuando se emple6 CO como gas
reaccionante, se introdujo la misma cantidad de CO, que de CO para evitar la deposicion

de carbono mediante la reaccién de Boudouard.

En la termobalanza también se realizaron experimentos de reduccién a temperatura
programada (TPR) para determinar la cantidad de CuO y CuAlL O, presente en el material.
Estos expetimentos se realizaron con un caudal de gas de 17 1 /h empleando un 10 %vol.

de H, en N,, calentando la muestra desde temperatura ambiente hasta 800°C.

Finalmente, en la termobalanza descrita se realizaron experimentos para medir la
estabilidad quimica del material llevando a cabo 100 ciclos de reduccién/oxidacion a 850°C
(reduccion con 50 %vol. de H, en N,, y oxidaciéon con un 15 %vol. de O, en N,). Se
comprob6 que la capacidad de transporte de O, del material se mantenia estable con los

ciclos, obteniéndose conversion completa en cada ciclo de reduccién/oxidacion.

Ademas de los experimentos realizados en la termobalanza, el material de cobre preparado
(CuO sobre a-Al,O;) se caracteriz6 mediante las siguientes técnicas analiticas (algunas
comunes a las descritas para las calizas), también disponibles en el Servicio de Analisis del

1CB-CSIC:

e Porosimetria de mercurio para determinar el volumen de poros y la distribucién
de tamafio para los macro y mesoporos (de 10° hasta 3.5 nm de didmetro).

e Adsorcion de N, para determinar la superficie especifica o el area superficial de

ambas calizas mediante el método o ecuacion BET (Brunauer, Emmett y Teller).
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Picnometria de He para determinar la densidad real del sélido midiendo la
cantidad de helio desplazada por la muestra.

Difraccion de rayos X (XRD) para la determinacién de la presencia de especies
quimicas cristalinas en la muestra. Esta técnica se emple6 para comprobar la
existencia de CuO y CuAlL,O, en la muestra calcinada a distintas temperaturas
(desde 875 a 950°C) tras las sucesivas etapas de impregnacion, y corroborar asi los
resultados obtenidos mediante reduccién a temperatura programada.

Microscopia electronica de barrido (SEM-EDX) para determinar la morfologia
de las particulas y la distribucion del Cu y Al a lo largo de todas las particulas.
Reduccién a temperatura programada (TPR) para determinar la presencia y
cuantificar el contenido de determinados compuestos en el material. La reduccién
se lleva a cabo en una atmosfera de 10 %vol. de H, en Ar calentando la muestra
desde temperatura ambiente hasta 1000°C a una velocidad de 10°C/min. Midiendo
el consumo de H, en el calentamiento se calcul6 el contenido de CuO y CuALO,
presentes en la muestra, que se reducen en presencia de H,. La presencia de pérdida
de peso de la muestra a una temperatura en torno a 170-300°C indica la presencia
de CuO en la muestra, y en el caso de que el sélido contenga CuAlLO, se observaria

una pérdida de peso a una mayor temperatura de 350-450°C.
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3. Memoria

3.1. Justificacién del trabajo, objetivos y plan de trabajo

Cualquier sistema de captura de CO, (ya sea mediante reaccion con CaO como cualquiera
de las tecnologias descritas en la seccion 1.2.1) requiere grandes cantidades de energfa para
su funcionamiento. Dicho consumo energético repercute directamente en el balance de
energia del proceso a nivel global que vera afectada su produccion eléctrica y/o de calot, o
bien su eficiencia de produccién de hidrégeno, cemento o cualquiera que sea el producto
final del proceso. El principal reto al que se enfrenta la CAC consiste en alcanzar altos
niveles de integracion entre el proceso industrial objeto de captura de CO, y el sistema de
captura de CO, propiamente dicho, con el fin de reducir al minimo el consumo energético
derivado de la captura de CO,, mejorar la eficiencia energética global del proceso, y reducir
tanto el impacto ambiental como los costes productivos. Como se ha comentado
anteriormente, la tecnologia de carbonatacion/calcinacién cuenta con la principal ventaja
de que practicamente toda la energfa introducida en el calcinador se recupera
fundamentalmente en la etapa de carbonatacioén y en forma de corrientes gaseosas y solidas
a alta temperatura. Por ello, esta tecnologfa representa una de las opciones de captura de
CO, con mayor potencial de integraciéon energética y de reduccién de la penalizacion

energética con respecto del proceso sin captura de CO,,.

En este contexto se enmarca esta Tesis Doctoral, cuyo objetivo general ha sido analizar
diversos procesos de conversion de energia (a electricidad, calor y/o hidrégeno)
que integran un sistema de captura de CO, basado en la reacciéon de carbonatacion
del CaO con el CO,, para conseguir una integracion entre ambos sistemas que, bajo
unas condiciones de operacidon razonables, reduzca al minimo la penalizaciéon
energética derivada de la captura de CO,. En concreto, se estudiaron las aplicaciones de
este proceso de captura de CO, en post-combustion, que consisten basicamente en CT de
carbon para produccion de electricidad, y de captura de CO, en pre-combustion, basadas
en produccion de hidrégeno y/o electricidad a partit de gas natural. Dada la diferente
naturaleza de estos procesos objeto de estudio, las diferentes condiciones de operacion y
diferentes caracteristicas de los productos obtenidos en cada caso, se ha considerado
oportuno dividir la presente memoria en dos grandes bloques. La primera parte (seccion

3.2) dedicada a CT de carbén engloba el trabajo de las publicaciones I, II, IIT y IV, y la
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segunda parte (seccion 3.3) dedicada a los procesos de producciéon de hidrégeno mediante
reformado de gas natural con vapor que abarca el trabajo realizado en las publicaciones V,

VI, VII y VIII.

El rendimiento eléctrico global que resulta de integrar un sistema de captura de CO, en una
CT de carbon existente para eliminar el CO, del gas de combustién depende de la eficacia
con la que se recupera la energfa introducida al sistema de captura, es decir, del rendimiento
que se obtenga de dicha energia recuperada. Por ello, el primer objetivo de este trabajo fue
evaluar este potencial de integracion energética y cuantificar el rendimiento obtenido al
implementar esta tecnologia de captura de CO, en una CT de carbon existente
(Publicacién I). En este trabajo se escogié el esquema basico de la tecnologia de
carbonatacién/calcinacién mostrado en la figura 1.8 antertior, y se llevé a cabo un anilisis
de la influencia de las condiciones de operaciéon del sistema de captura de CO,
(principalmente del efecto de los valores de F, y F¢,)) en el rendimiento global del proceso,

constituido por la CT existente y la nueva CT de oxi-combustion.

Para el caso de una CT de carbon de nueva construccion, existe la posibilidad de plantear
una configuracién de proceso mucho mas integrada entre la caldera y el sistema de captura
de CO, que permite reducir el consumo de energia y obtener mejores eficiencias de
produccion eléctrica que para el caso de una CT existente. Con el fin de analizar este
hecho, se estudi6 el nuevo concepto de CT de carboén integrado con un sistema de captura
de CO, con CaO mostrado en la figura 1.10 (Publicacién II). Se elaboré un modelo de
simulacién completo del proceso y se propuso una posible integracion de los flujos de
energia disponibles en el proceso con un ciclo de vapor supercritico para producir
electricidad. A partir de ese modelo, se estudié detalladamente el balance de energia del
proceso y se estimo el rendimiento global de produccién eléctrica obtenido de esta nueva

configuracion.

A pesar de la eficiente recuperacion de energia en el proceso de carbonatacion/calcinacion,
uno de los objetivos prioritarios en este proceso es conseguir calcinar el CaCO; formado a
la menor temperatura posible para reducir el consumo de energia en el calcinador, y
minimizar problemas derivados de la fusiéon de cenizas y/o de la desactivacion del

sorbente. A pesar de este interés, la mayoria de los trabajos publicados en la literatura en el
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momento en que se comenzo6 esta Tesis Doctoral se habian dedicado al disefio y estudio
del carbonatador, asi como al estudio de la reaccién de carbonatacion y al analisis del efecto
de determinados compuestos presentes en dicho reactor, como vapor de agua 6 SO,.
Mientras tanto, el calcinador de este proceso de captura de CO, apenas habia recibido
atencion, y generalmente se consideraban unas condiciones de operacién suficientemente
favorables como para asumir la calcinaciéon completa del CaCO;. Por ello, en este trabajo se
llev6 a cabo la realizaciéon de una primera aproximacion al modelado de un calcinador de
LFC de un sistema de carbonatacion/calcinacién para capturar CO, con CaO, con el
objetivo de determinar las condiciones de operacién que permiten alcanzar eficacias de
calcinacion elevadas a temperaturas moderadas y tiempos de residencia razonables para este
tipo de reactor. Para dar validez al modelo, resulta imprescindible contar con un modelo
cinético de calcinacién capaz de predecir los resultados obtenidos en las condiciones tipicas
de alta concentraciéon de CO,, alta temperatura y con particulas de CaCO; que han
experimentado multiples ciclos de carbonatacién/calcinacion, presentes en el reactor de
calcinacion de este sistema de captura de CO,. Por ello, como parte de este trabajo, se llevo
a cabo la determinacién de un modelo cinético de calcinaciéon capaz de predecir el
comportamiento de particulas de CaCO; en las condiciones tipicas del reactor de
calcinaciéon (Publicacién III), que se incorpord en el modelo desarrollado para el reactor

de calcinaciéon (Publicacién IV).

En el segundo bloque de la memoria (seccion 3.3) se analizan dos procesos de produccion
de hidrégeno y/o electricidad basados en el reformado de gas natural con vapor que
incluyen captura de CO, con CaO. Estos procesos han sido planteados con el principal
objetivo de mejorar la eficiencia de produccién de hidrégeno, disminuir la complejidad del
proceso y reducir los costes de producciéon de hidrégeno con respecto de la tecnologia
actual mas extendida de producciéon de hidrégeno: el reformado catalitico de gas natural
con vapor, responsable de aproximadamente la mitad de la produccién mundial de
hidrégeno (Meerman et al.,, 2012). En lo que respecta al proceso de reformado de gas
natural con vapor con captura i situ de CO, con CaO descrito en la seccion 1.3.3.1, se
realiz6 un analisis completo de los balances de materia y energia de una planta de
produccion de hidrégeno basada en este proceso (Publicacion V). A pesar de la existencia
de numerosos estudios sobre sorbentes adecuados para este proceso y sobre
experimentaciéon a nivel de laboratorio que demuestra el concepto de reformado en

presencia de CaO, apenas existian en la literatura trabajos dedicados a analizar y optimizar
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el funcionamiento de una planta de produccién de hidrégeno basada en esta tecnologfa con
el fin de demostrar su validez a una mayor escala. Este trabajo se desarrollé con el fin de
determinar un rango de condiciones de operacién Optimo y comparar los resultados

obtenidos con los de una planta convencional de produccién de hidrégeno.

El segundo de los procesos analizados en la presente memoria (secciéon 3.3), basado en la
combinacién de los ciclos de CaO/CaCO; y Cu/CuO para la producciéon combinada de
hidrégeno y electricidad, se plantea como una alternativa al proceso anterior de produccion
de hidrégeno que permite prescindir de la unidad de separaciéon de aire. Se trata de un
proceso descrito por primera vez en el afio 2009 (Abanades and Murillo, 2009) cuyo
esquema basico se ha explicado anteriormente en la secciéon 1.3.3.2. En el momento en que
se realizaron los trabajos incluidos en esta memoria tan solo existian dos publicaciones que
describian el disefio preliminar de una planta de producciéon de hidrégeno basada en este
concepto (Abanades et al., 2010; Fernandez et al., 2012¢). Con el objetivo de investigar de
una forma mas detallada el disefio preliminar propuesto por Fernandez et al. (2012¢) y
como parte del trabajo incluido en esta memoria (seccion 3.3.2.1), se elaboré un modelo de
simulacién completo de una planta de producciéon de hidrégeno basada en el proceso
mostrado en la figura 1.12, proponiendo por primera vez una integracion energética
detallada de los flujos de energia disponibles para producir el vapor necesario y aprovechar
la energia disponible en el proceso para producir electricidad (Publicacién VI). Como ya
se ha comentado anteriormente en 1.3.3.2, existe otra configuracion para este nuevo
proceso basado en los ciclos de Ca/Cu, que consiste en emplear el hidrégeno generado
como combustible en una turbina de gas de un ciclo combinado de gas natural (CCGN)
con el fin de producir electricidad con bajas emisiones de CO,. Como parte de este trabajo,
se propuso un primer disefio de una central de CCGN con captura de CO, integrada con el
proceso mostrado en la figura 1.12 y se estudié la influencia de los principales parametros
de operacion en el rendimiento eléctrico de dicha CT asi como en las emisiones de CO,
(Publicacién VII). Con el objetivo de contextualizar los resultados obtenidos en esta
nueva configuracién de CCGN con bajas emisiones de CO,, se incluye en la secciéon 3.3.2.3
de esta memoria una comparativa con los principales trabajos publicados en la bibliografia

sobre integraciéon en un CCGN de otros procesos de produccién de hidrégeno con captura

de CO,.
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Finalmente, se prepar y caracteriz6 un material de cobre adecuado para este proceso de
produccién de hidrégeno basado en los ciclos de Ca/Cu que cumple los principales
requisitos necesarios para este proceso en lo que respecta a contenido en cobre, reactividad
y estabilidad quimica y mecanica con los ciclos de oxidacién/reduccién (Publicacion
VIII). Ademas, puesto que la principal novedad de este proceso consiste en aportar la
energfa de calcinacion mediante la reducciéon exotérmica de este material de cobre en una
misma etapa (etapa C del proceso de la figura 1.12), resulta imprescindible comprobar el
buen funcionamiento de este material en esta etapa clave del proceso. Por ello, se estudio la
reduccion del material a distintas temperaturas y concentraciones de gas reductor, y se
determiné un modelo cinético para la reducciéon de este material en las condiciones de

operacion previstas en esta etapa de calcinacion.
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3.2. Anailisis de procesos de captura de CO, mediante los ciclos de

carbonatacion/calcinaciéon de CaO aplicados a centrales de carbén

3.2.1. Aplicacién del proceso de captura de CO, con CaO a una CT existente de

carbon

Como se ha justificado anteriormente, la tecnologia de captura de CO, basada en los ciclos
de carbonatacién/calcinacion representa una de las opciones de captura de CO, con mayor
potencial de integraciéon energética en una CT existente de carbon y, por tanto, de
reduccion de la penalizacién energética con respecto del proceso sin captura de CO,. Con
el principal objetivo de analizar dicha integracion y de determinar aquellas condiciones de
operacion que minimizan la penalizacion energética, se desarrollé un modelo de simulacion
en Aspen Hysys para el esquema mostrado en la figura 3.1. En este esquema, la energia
recuperada en el sistema de captura de CO, se introduce en la zona de alta presién de un
ciclo de vapor supercritico para producir potencia adicional. De esta forma, el calcinador
del sistema de captura de CO, junto con el nuevo ciclo de potencia supercritico puede
considerarse como una nueva CT de oxi-combustiéon de carbon de LFC que permitiria
repotenciar la CT existente, al mismo tiempo que se captura el CO, generado tanto en la
CT existente como en el propio sistema de captura de CO,. Como consecuencia de este
hecho, esta tecnologia de captura de CO, resulta muy competitiva en cuanto al coste de
CO, evitado en comparacion a una CT de oxi-combustion del mismo tamafo que el
calcinador del sistema de captura de CO, (Abanades et al., 2007). Este esquema representa
una de las opciones mas prometedoras para aplicacion de la tecnologia de
carbonatacién/calcinacién en post-combustion a CT existentes de carbén, ya que la
conexioén de ambas CT se realiza mediante el carbonatador, en donde se alimenta el gas de

combustién de la CT existente, por lo que dicha CT no ve alterado su funcionamiento.
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Figura 3.1. Representacion esquematica de la integracion del sistema de captura de CO2 basado en

los ciclos de carbonatacién/calcinaciéon en una CT existente de carbén

3.2.1.1. Descripciéon del modelo de simulacién desarrollado

Se consideré una CT existente de carbon subcritica que genera 350 MW eléctricos con un
36 % de rendimiento eléctrico neto, calculado en base a la energfa del carbén alimentado a
la caldera de dicha CT (H,,,) considerando el PCI del carbén. El gas de combustion
generado en la caldera de combustién (446 kg/s y con un contenido en CO, y SO, en
torno a 14.5 %vol. y 0.04 %vol., respectivamente) se alimenta a 180°C al carbonatador del
sistema de captura de CO,, tras haber pasado por las distintas etapas de recuperaciéon de

energia y por la unidad de desulfuracion de la CT existente.

El reactor de carbonataciéon opera a 650°C y a presiéon atmosférica para que la presion
parcial de CO, en el equilibrio sea lo suficientemente baja (0.012 atm segin el equilibrio de
la figura 1.9) como para permitir alcanzar eficacias de captura de CO, (E) elevadas en este
reactor. Se incluyé un modelo de reactor para el carbonatador que se desarrollé tomando
como punto de partida el modelo publicado por Alonso y cols. (Alonso et al., 2009). Este
modelo considera mezcla perfecta e instantanea para el sélido y flujo piston para el gas, y
considera la fase solida compuesta por particulas con diferente conversion en funcién de su
tiempo de residencia y del numero de ciclos de carbonatacién/calcinacién que haya
experimentado. Se consideré que las particulas de CaO reaccionan de acuerdo con el
modelo cinético propuesto por Bathia y Perlmutter (Bhatia and Perlmutter, 1983), que
contempla una primera etapa de reaccion rapida controlada por la reacciéon quimica y una

segunda etapa de reaccién mas lenta en la que predomina el control de la difusion del CO,
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a través de la capa de CaCO; formado. Concretamente, se utiliz6 una adaptacion del
modelo de Bathia y Perlmutter publicado por Grasa y cols. para particulas de CaO que han
sido sometidas a maltiples ciclos de carbonatacién/calcinacién y que, por tanto, presentan
unas propiedades estructurales tipicas de particulas que han experimentado una reduccién
de su superficie especifica al evolucionar hacia una estructura de poros mas grandes (Grasa
et al., 2009). Por dltimo, debido a la distribucion de tiempos de residencia y a la cinética de
carbonatacion, se consideré que las particulas de CaO podian no alcanzar su conversion
maxima en el interior del carbonatador, afectando asi a la actividad media o maxima
conversion de las particulas de CaO (X,.) en este reactor (Rodriguez et al., 2010). Como
consecuencia de este hecho, se define el grado de conversion f_, alcanzado por las
particulas de CaO en el carbonatador de acuerdo con la expresion 3.1 (asumiendo
calcinaciéon completa de las particulas de CaCOj; en el calcinador, tal y como se explica mas

adelante):

X carh
2 3.1
3.1)

ave

catb T

siendo X, el contenido en CaCOj de las particulas a la salida del carbonatador (en moles

de CaCO;/mol de CaO inicial).

El modelo de reactor desarrollado para el carbonatador se integré en el propio modelo de
simulacion en Aspen Hysys mediante un cédigo en Visual Basic en una herramienta
denominada 'User Unit Operation’, tal y como se explica en la seccion 2 de ‘Metodologia’. Las
variables independientes de este modelo son: el inventario de sélidos en el reactor y el
aporte de sorbente fresco en el calcinador (F,). Una vez definidas estas variables, se
modifica la circulaciéon de sélidos desde el calcinador (F,) para conseguir alcanzar un valor
determinado de eficacia de captura de CO, en el carbonatador (E.). Las ecuaciones del
modelo, asi como la secuencia de calculo seguida para la resolucion de dicho modelo, no se
incluyeron en la Publicacin 1 correspondiente a este trabajo ya que quedaban fuera del
objetivo de dicha publicacién. Sin embargo, se incluyen en el Apéndice 1 de esta Tesis
Doctoral tanto el coédigo en Visual Basic con las ecuaciones empleadas como la

metodologia de calculo seguida.

El reactor de calcinacion se diseié como un reactor adiabatico que opera a 950°C y a

presion atmosférica, en el que se alcanza la calcinacion completa del CaCO; que entra al
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reactor proveniente del carbonatador (F,-X_,) y del aporte fresco de sorbente (F)). La
energia necesaria en este reactor se aporta mediante la combustion con O, de un carbén en
el propio reactor de calcinacién, considerando un 5 % de exceso de O, con respecto del
estequiométrico. El carbén considerado tiene un bajo contenido en azufre (0.6 % en masa)
y un PCI de 25.27 M]J/kg. Para controlar la temperatura en el reactor de calcinacién, se
recircula una fracciéon de gas a la salida del calcinador tras ser enfriado hasta una
temperatura en torno a 150°C, que se mezcla con la corriente de O, puro hasta tener un 25-
30 %vol. de O, en la corriente gaseosa alimentada al calcinador. El gas a la salida del
calcinador que no se recircula es enviado a la unidad de purificacién y compresion de CO,
(CPU, acronimo de Compression and Purification Unif) para su posterior transporte y

almacenamiento.

A pesar del bajo contenido en azufre del carbén introducido como combustible en el
calcinador y de la presencia de la unidad de desulfuracién en la CT existente, se considerd
un aporte de sorbente fresco en el sistema F, introducido en el calcinador, necesario para
reaccionar con el SO, procedente de la combustién de carbén en el calcinador y con el SO,
del gas de combustién de la CT existente, asi como para mantener la actividad del sorbente.
Finalmente, se consideré que el 40 % de las cenizas del carbén alimentado al reactor de
calcinacion se pierden como cenizas volantes en este reactor, con un contenido del 5 % en
masa de inquemados. En el calcinador también se incluyé una purga de sélidos con el

objetivo de evitar la acumulacién de cenizas, CaSO, y CaO desactivado en el sistema.

El ciclo de vapor supercritico que se tomé como referencia en este trabajo para integrar los
flujos de energfa disponibles en el sistema de captura de CO, fue descrito por Romeo et al.
(2008a) y es el que se muestra en la figura 3.2. En este ciclo de potencia supercritico el
vapor vivo (a 600°C y 280 bar) se expande en una turbina de vapor compuesta por dos
cuerpos de alta presion, dos cuerpos de media y 5 cuerpos de baja con extracciones de
vapor intermedias que se usan en los precalentadores de agua del ciclo. El rendimiento
eléctrico de este ciclo de potencia es del 45 %, de acuerdo con las caracteristicas de las

principales corrientes que se muestran en la tabla 3.1.
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Figura 3.2. Diagrama del ciclo de potencia supercritico tomado como referencia en este trabajo

Tabla 3.1. Temperatura y presion de las principales corrientes del ciclo de potencia superctitico de

Cotriente
Temperatura (°C) | 600 383 324 600 524 447 31 277 400 415
Presion (bar) 280 70 45 40 25 15 0.045 | 335 330 330

3.2.1.2. Principales resultados obtenidos

Una vez construido el modelo de simulacién completo, se resolvieron los balances de
materia y energia para tres valores de E_ diferentes en el carbonatador (70, 80 y 90 %)
modificando el ratio F/F, en un rango de 0.05-0.4. En la resolucion de estos balances de
materia y energfa se tomé un inventario de sélidos en el carbonatador de 1500-2000 kg/m?,
trabajando con una velocidad superficial del gas de 6 m/s. En la figura 3.3 se representan
los resultados obtenidos al resolver los balances de materia y de energfa para los diferentes
valores de E.. Para representar estos resultados se ha empleado la relacién de toneladas de
CaCO,/toneladas de carbon total, que es la masa de CaCO; fresco alimentado con F, en el
calcinador en relacion a la masa total de carbon alimentado a la caldera de la CT existente y

cal

al calcinador del sistema de captura de CO,, y el cociente H,,/(H.,+H,,,,) que tepresenta
el porcentaje de energfa introducido con el carbén en el calcinador con respecto del total de

energfa introducida en el proceso completo, calculada como el producto PCI h

carbon carbon

en cada caso. De cada una de las curvas de E_ representadas en la figura 3.3 se escogieron 3
puntos distintos con el objetivo de analizar la integracion energética con un nuevo ciclo de

vapor supercritico bajo tres estrategias de operacion distintas:
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e Operacién con bajo F, que implica operar el sistema con un sorbente con baja
capacidad de captura de CO,, y por tanto alta circulaciéon de sélido entre reactores

(alto F(,) para conseguir un valor determinado de E,

e Operaciéon con alto F, que implica operar el sistema con un sorbente muy activo, y
por tanto con baja circulacion de solido entre reactores (bajo F.) para conseguir un
valor determinado de E_

e Operaciéon con minimo tamafo de calcinador, que se corresponde con el punto

asociado al minimo valor del ratio H_,/(H

3.3.

+H.,,.,,) en cada curva de E_ en la figura
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Figura 3.3. Balances de materia y energfa para E. de 70, 80 y 90 %. Los nimeros que aparecen al
lado de cada punto es la eficiencia neta calculada segtn la ecuacion (3.2). E/ punto de alto Fy y Ec=70

% no se incluye en el andlisis porque la eficiencia neta obtenida fue mny baja (25.8 %)

Concretamente, para la operacién con bajo F, se escogi6 un valor del ratio F/F, de 0.10
(correspondiente a 0.23-0.26 ton CaCO;/ton carbon total en la figura 3.3), mientras que
pata la operacién con alto F; se tomé un valor de F,/F, igual a 0.35 (correspondiente a
0.75-0.81 ton CaCO,/ton carbén total en la figura 3.3). Es importante destacar que, de
acuerdo con los resultados mostrados en la figura 3.3, valores de F,/F,,<0.1 no setfan
adecuados ya que implicarfan un aumento brusco del aporte de carbon en el sistema, y el
consiguiente incremento del tamafio de los equipos y del consumo eléctrico de la ASU y del
compresor de CO,. De acuerdo con los resultados mostrados en la figura 3.3, el cociente
Ho/ (ot Ho,
% para un E_del 70 %, del 53 % para un E_del 80 % y del 57 % para un E_del 90 %. Este

) para las condiciones de minimo tamafio del calcinador result6 ser del 50

consumo minimo de energia se corresponde con un valor del ratio F/F, de 0.15,0.19 y
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0.25 para E_ de 70, 80 y 90 %, respectivamente, que son intermedios a los valores de 0.10 y

0.35 escogidos como bajo y alto aporte de F,,.

Para cualquiera de las condiciones de operacion escogidas, los principales focos de energia

disponibles en el sistema de carbonatacién/calcinacion eran:

(1) el gas concentrado en CO, (~80 %vol.) a 950°C a la salida del calcinador que se enfria
hasta 150°C antes de ser dividido en el gas recirculado de nuevo al calcinador y el gas

enviado CPU,
(2) 1a energfa recuperada a 650°C en el interior del carbonatador,

(3) el gas con bajo contenido en CO, (<2 %vol.) a 650°C a la salida del carbonatador, que

se enfrfa hasta 100-120°C antes de ser expulsado a la atmosfera a través de la chimenea,

(4) el gas concentrado en CO, enviado a CPU, que se enfria hasta ~80°C antes de ser

introducido al condensador de dicha unidad de purificacion, y

(5) la purga de sélidos en el calcinador a 950°C, que se enfria hasta 100-120°C antes de ser
desechada del proceso o empleada como materia prima en una planta de producciéon de

cemento.

Sin embargo, la distribucién de energia recuperada en los focos de (1) a (5) nombrados
anteriormente es diferente para cada una de las condiciones de operacion seleccionadas en
el analisis, y va a determinar en cada caso la integraciéon energética éptima con el nuevo
ciclo de potencia supercritico. El principal objetivo de la recuperacion de energia de estas
corrientes fue generar la maxima cantidad de vapor en condiciones supercriticas (a 600°C y
280 bar), que se expande en la turbina de vapor del ciclo de potencia mostrado en la figura
3.2. En concreto, las distintas corrientes de energfa a distintas temperaturas descritas en los
puntos (1)-(5) anteriores, se aprovechan para aportar la energia en los precalentadores de
agua, el economizador, el evaporador, el sobrecalentador y en la etapa de recalentamiento a
presion intermedia de dicho ciclo de potencia. Comparando los flujos de energfa
disponibles en el proceso con la energfa necesaria en los distintos equipos del nuevo ciclo
de vapor, y teniendo en cuenta el rango de temperaturas de cada uno de estos flujos, se
disené el sistema de intercambio de calor mostrado en la figura 3.4, que consiste
basicamente en emplear la energfa disponible en (1) para sobrecalentar el vapor en el nuevo

ciclo de potencia supercritico, y en evaporar el vapor gracias a la energfa disponible en el
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carbonatador. La energfa disponible en (3), (4) y (5) se recuperé en los precalentadores de
agua del ciclo de vapor, cuyas necesidades de energia son notablemente mas bajas que en el
evaporador, sobrecalentadores y en la etapa de recalentamiento del ciclo de vapor. El
esquema de la figura 3.4 se aplic6 a cada una de las condiciones de operacién escogidas y se
modificé cuando fue necesario para optimizar el aprovechamiento de los flujos de energia y
generar en cada caso la maxima cantidad de vapor posible, prescindiendo del mayor

namero posible de extracciones de la turbina del ciclo de vapor.

Qcarbonatador

Qaas calcinador - sobrecalentador
a500C 3 I

Is1
H"-I_\'ZI evaporador

130

(yeconomizador 2 |
,_i:.

(a1
Qgas carbonatador .__I-.}emnmlmdnr 1
B6500C ~° 3000C

-+

28

Figura 3.4. Esquema de la integracién energética de los flujos de energia disponibles en el sistema

de captura de COz en el nuevo ciclo de potencia supercritico

La eficiencia eléctrica neta del sistema (7,.,) se calculé en cada caso de acuerdo con la
expresion 3.2, que es el cociente entre la produccién neta de electricidad y el aporte de
energifa total en el proceso, teniendo en cuenta el uso de la purga de sélidos como materia

prima en una planta de producciéon de cemento:

W, + W W

- WASU - Wcomptesor co2 aux (3 2)
H b + Hcal - Hcal,FO

com

CT existente sup erctitico

T] neta =

Wer aisene Y Waaperariico T€Presentan la- produccién eléctrica neta en el ciclo de vapor
subcritico de la CT existente (350 MW) y en el nuevo ciclo de vapor supercritico integrado
con el sistema de captura de CO,, respectivamente. De esta produccion eléctrica neta se
descuentan los consumos eléctricos provenientes de la unidad de separacion de aire o ASU
(Wasw)» del compresor de CO, (W, pes0r con) ¥ de los equipos auxiliares (W,,). La ASU y el
compresor de CO, no se incluyeron en el modelo de simulacién en Aspen Hysys, aunque

su consumo eléctrico se contabilizé en el calculo de 7, tomando los correspondientes
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consumos especificos de la literatura (160 kWh/ton O, producida para la ASU y 100
kWh/ton CO, para el compresor de CO,) (Datde et al., 2009). Ademas, en el calculo de
Nnera S€ considero la posibilidad de sinergia con la industria del cemento, que se traduce en

una reduccion de la energfa necesaria en el proceso (H,,,+H.) equivalente a la energfa

comb

necesaria en la calcinaciéon del CaO presente en la purga de sélidos que se utiliza en la

produccion del cemento Hearo)-

Los valores de 7, obtenidos asi como los principales términos de la expresion 3.2 se
recogen en la tabla 3.2 para cada uno de los casos seleccionados. Se observa que aquellas
condiciones de operaciéon con bajos F, maximizan la eficiencia neta del proceso en torno a
un valor de 33 %, mientras que los menores valores de 7., (en torno al 30 %) se obtienen
trabajando con alto F. A pesar de que bajos I, implican los mayores consumos eléctricos
de la ASU (63-93 MW) y del compresor de CO, (66-90 MW) con respecto a los casos con
el mismo E, pero alto F; 6 minimo tamano del calcinador, la alta circulacién de soélidos en
estos casos (9-17 kg/m?'s) favorece la recuperacién de energfa en el carbonatador, y por
tanto la produccion de vapor en condiciones supercriticas que genera electricidad en la

turbina de vapor (W

wpereritico)- POt €l contrario, aquellas condiciones de operacion con el
menor consumo de ASU y del compresor de CO, se corresponden con el menor tamafio
de calcinador, ya que el consumo de carbon en el calcinador en esos casos es minimo. Por
tanto, las condiciones de operacién mas adecuadas se corresponderian con un valor de F,
intermedio entre el correspondiente al tamafio minimo del calcinador (~6 % de sélido
purgado con respecto del total de material circulando desde el calcinador, es decir,
F,/F:,~0.06) y el menor valor de F, considerado en este trabajo (F;/F,,=0.1, que se
corresponde con valores de purga en torno al 2 %). Estos valores de purga son coherentes
con el valor maximo de purga calculado por Romeo y cols., en cuyo trabajo concluyeron
que la méxima purga de material en el sistema de carbonatacién/calcinacién (empleando
caliza o dolomita como precursores de CaO) debe de estar en torno al 5 % del material

recirculado entre reactores (es decir, F;/F,<0.05), con el objetivo de no incurrir en un

coste de captura superior a 20 €/ton CO, capturado (Romeo et al., 2009).
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Tabla 3.2. Principales resultados obtenidos para las distintas condiciones de operaciéon
seleccionadas para valores de E. del 70, 80 y 90%

Heat/ (Heart | Waupercitico | WasU  Weompresor €02 Taeta (%0)  Neot (%0 nnm-(%)
Fo/Fcoz | Fea/Feoz Hmmg) %) (I\I'IW) (MW) (1\%[\%,) i G, é) ) 1 (3(3) ) H(sm :
cal. FO
E.=70 %
0.10 3.96 52.1 444.8 63.1 66.0 33.1 40.6 32.4
0.15 3.02 49.6 367.6 57.3 62.6 31.7 40.4 30.6
E.=80 %
0.10 5.13 56.0 531.5 73.9 75.6 33.3 40.9 32.6
0.19 3.34 53.3 431.8 66.2 74.0 31.7 40.7 30.4
0.35 2.46 55.1 423.7 71.3 82.5 30.3 40.9 28.2
E.=90 %
0.10 6.99 61.6 678.7 93.2 90.1 33.5 41.4 32.9
0.25 3.63 56.6 499.8 75.7 85.0 31.9 41.0 30.3
0.35 3.04 57.5 485.5 78.5 89.9 30.7 411 28.7

Con el objetivo de calcular la penalizacién energética en cada uno de los casos anteriores,
se considerd una planta de referencia que se compone de la CT existente (cuyo rendimiento
eléctrico era del 36 %) y de una nueva CT supercritica cuya potencia térmica de entrada es
la misma que la del calcinador (H_) y que tiene un rendimiento eléctrico del 45 %.
Considerando esta definicion, la eficiencia eléctrica de esta planta de referencia se calculd

como:

H H
/) = comb 36 calc 45 3.3
nref( 0) (H b + Hcalc) " (H b + Hcalc) ( )

com

com

Empleando los resultados mostrados en la tabla 3.2, se evalué la penalizacién energética en
cada caso como la diferencia entre la eficiencia eléctrica de la planta de referencia sin
captura de CO, (n,.9) vy la eficiencia eléctrica neta incluyendo el sistema de captura de CO,
(Naew)- LOs menores valores de penalizacién energética se encuentran en el rango de 7.5 8
puntos porcentuales obtenidos para los casos con menor F, correspondiendo el valor mas
alto de penalizaciéon al caso con mayor E. debido al mayor consumo eléctrico del
compresor de CO, y de la ASU. Para los casos de menor tamafio del calcinador, la
penalizacion energética obtenida asciende ligeramente hasta los 9 puntos porcentuales para
cualquiera de los valores de E. elegidos. En el caso de que no exista la posibilidad de
sinergia con la industria del cemento (y H =0 en la expresiéon 3.2), la penalizacion
energética para los casos Optimos de menor F, aumentarfa ligeramente hasta
aproximadamente 8.5 puntos porcentuales (ver ultima columna de la tabla 3.2), debido al

efecto positivo de dicha sinergia en el consumo de energfa total en el proceso. No obstante,
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dado que la integracion de la nueva CT no afecta al funcionamiento de la CT existente, el
trabajo desarrollado podtia haberse aplicado igualmente a una CT existente supercritica, de
mayor rendimiento eléctrico que la considerada en este trabajo. En ese caso, los valores de
Nnewa ¥ Neer MOstrados en este trabajo serfan algo mayores, aunque los valores de penalizacion

energética serfan los mismos a los mostrados.

En cualquier caso, si se comparan los resultados obtenidos en este trabajo con los valores
de penalizacién energética incluidos en la seccion 1.2.1.1 de esta Tesis Doctoral para el
sistema comercial de captura de CO, mediante absorcién quimica con aminas aplicado a
una CT de carbon, se comprueba que este sistema de carbonatacion/calcinacion permite
obtener penalizaciones energéticas entre 4 y 7 puntos por debajo del sistema comercial para

el caso de una CT existente subcritica de carbon.

3.2.1.3. Comparacion de los resultados obtenidos con la bibliografia

Con el objetivo de contextualizar los resultados obtenidos en este trabajo, los resultados
obtenidos para el menor valor de F, considerado en este trabajo (F,/F.,,=0.1) se
comparan en la tabla 3.3 con los publicados en la bibliografia por otros autores para el
mismo esquema de repotenciaciéon de la figura 3.1, pero con distintas hipdtesis en el
modelo. Generalmente en todos los trabajos publicados en la bibliografia se ha considerado
una CT existente supercritica en la que se aprovechan los distintos focos de energia del
sistema de captura de CO,. En todos los trabajos mostrados en la tabla 3.3 las condiciones
de operacion del sistema de carbonatacién/calcinacion se mantienen constantes dentro de
unos valores razonables. El carbonatador opera a 600-650°C para conseguir una E_ en el
rango de 70-90 %, siempre con un ratio de F /F,<0.05. En el calcinador a 900-950°C
ocurre la calcinaciéon completa del CaCOj alimentado la corriente de O, casi puro sin

recirculacion de CO,,.

De forma general en todos los trabajos incluidos en la tabla 3.3, la penalizacion energética
que resulta de integrar el sistema de carbonatacién/calcinacion en una CT existente de
carbon se encuentra en el rango de 6.5 a 8.5 puntos porcentuales con respecto de la CT
tomada como referencia. Las diferencias observadas en estos valores de penalizacion
energética se deben a la eficiencia de la planta de referencia, a la integracién energética

propuesta en cada caso (ya que en algunos casos no hay una integraciéon energética
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detallada sino que se ha aplicado un valor estandar de eficiencia de conversion eléctrica al
total de energfa recuperada) y/o a los diferentes consumos eléctricos considerados para la
ASU, el compresor de CO, o los equipos auxiliares. Desde el punto de vista de la
penalizacién energética, los resultados mostrados por Stréhle et al. (2009) se corresponden
con la menor de las penalizaciones energéticas debido, fundamentalmente, a que el
consumo del compresor de CO, no se incluye en dicho cémputo. La configuracion
mostrada por Romano (2009) es algo diferente al resto ya que se trata de una CT de carbon
de nueva construccién en la que existirian dos calderas de carbén, una funcionando con
aire y la otra con oxigeno (que se corresponderia con el calcinador), de manera que el vapor

generado en ambas alimentarfa a un dnico ciclo de vapor superctitico.

Es importante destacar que las hipotesis escogidas para la operacion en el calcinador en el
trabajo descrito en esta memoria han sido muy conservadoras (950°C, 25-30 %vol. O, a la
entrada y T,;,=150°C) y, por ello, la energfa consumida en el calcinador estaba en torno al

50-63 % del total de energia introducida al sistema (calculado como H,,/(H,,..,7H.y)). Sin

comb
embargo, tal y como se vera posteriormente en el apartado 3.2.3, es posible reducir
notablemente la temperatura de operacién en el calcinador hasta operar en torno a 900°C.
Ademas, resultados experimentales publicados recientemente apuntan a valores mas altos
de porcentajes de O, en el gas alimentado al calcinador (hasta un 35-50 %vol. de O,) (Arias
et al., 2013; Dieter et al.,, 2013). Por tanto, considerando estos valores de temperatura y
concentracion de O, en la operacion del calcinador, serfa posible reducir el consumo de

carbon y de O, en el calcinador con respecto a los consumos mostrados en este trabajo, lo

que permitirfa mejorar el rendimiento neto y reducir asi la penalizacion energética obtenida.
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Tabla 3.3. Comparacién de los resultados obtenidos en este trabajo con los principales resultados

Shimizu et al.

(1999)

Abanades et al.
(2005)

Romeo et al.
(20082)

Romano
(2009)

Strohle et al.
(2009)

publicados en la bibliografia par esquemas de

Hawthotne et
al. (2009)

Yongping et

al. (2010)

Publicacion 1
Martinez et al.
(2011)

procesos similares

CT existente Superecritica Superecritica Superecritica Superecritica Superectitica - Superectitica Subctitica
PCI carbén (M]/kg) 23.61 25.0 15.85 24.62 - - - 17.02
Heomb (MW) (tomando PCI) 1323 67 951.5 535.1 2308 - 1330 972.5
Carbonatador

Temperatura (°C) 600 650 650 650 650 650 650 650
Fo/Fcoz 0 0.1 0.25 0.01 0.03 0.34 0.1*
Fea/Feoz 8.3 3 5 ~0.5 3 7 6.82 4-7
Inventario de sélidos (kg/m?) ~685 -- -- ~1000 - -- -- 1500-2000
Conversiéon CaO 10 % 25% 17 % 11.6 % 20 % 11.4 % 20 % 13-18 %
E. ~83 % 75.3 % 85 % ~90 % 80 % 80 % 80 % 70-90 %
Calcinador

Temperatura (°C) 950 950 875 900 900 900 900 950
Conversiéon CaCOs3 100 % 100 % - 100 % 100 % 100 % 100 % 100 %
Concentracion O; alimentado -- 100 Yovol. 100 Yovol. 50 Yovol. 100 Yovol. 100 Yvol. 100 Yovol. 25-30 Yovol.
Ciclo de vapor supercritico

Condiciones vapor vivo 566°C/172 bar - 600°C/280 bar | 600°C/300 bar | 600°C/285 bar | 600°C/300 bar | 566°C/242 bar | 600°C/280 bar
Condiciones recalentamiento 538°C/30 bar - 600°C/40 bar | 610°C/54 bar | 620°C/59 bar - 566°C/42.5 bar | 600°C/40 bar
Resultados

Wiotal (FWer existente +Wsupercritico) 1000 MW 46 MW 736 MW 579.4 MW 1737.8 MW 1875 MW 1000 MW 811-1048 MW
Wasu 09 MW 3.2 MW 46.6 MW 48.1 MW 80.9 MW 115 MW 62 MW 63.1-93.2 MW
Weompresor cO2 114 MW 2.6 MW 52.8 MW 48.6 MW No incluye 128 MW 92 MW 66.0-90.1 MW
Waux - - 15.4 MW 30.3 MW 72.6 MW 99 MW - 25.3-32.9 MW
Nnew (tomando PCI)** 34.9 % 40.3 % 37.0 % 37.4 % 42.8 % 39.2% 36.8 % 32.4-32.9 %
Nnew (uso Fo cementera) - 41.3 % 39.9 % - 43.2 % 40.1 % 39.6 % 33.1-33.4 %
et 5 42.4 % 46.0 % 44.9 % 45.0 % 45.6 % 45.6 % 45.1 % 40.6-41.4 %
Penalizacion** 7.5 pts 5.7 pts 7.9 pts 7.6 pts 2.8 pts 6.4 pts 8.3 pts 8.2-8.5 pts
Hea/ (HeartHeomb) (%0) 43.5 % 33.3 % 43.3 % 55.8 % 37.6 % 40.9 % 42.1% 52.1-61.6 %
CO; capturado 90.4 % 90.0 % 88.7 % 97.0 % 87.3 % 88 % 93 % 86.2-96.3 %

*Se analizaron valotes del ratio Fo/Fcop entre 0.1-0.35, pero en esta tabla se incluyen los resultados para Fo/Fco2=0.1 que resultaron en una mayor eficiencia neta del proceso
*#No incluye sinergia con industria del cemento
*Rendimiento de la planta de referencia calculado segtn la expresion 3.3
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3.2.2. Aplicacién del proceso de captura de CO, con CaO en un nuevo concepto

de CT de carbén

Como se ha visto en el apartado anterior, la integracion del proceso de
carbonatacién/ calcinacién como sistema de captura de CO, en una CT existente de carbén
permite obtener penalizaciones energéticas notablemente inferiores a las de un sistema
comercial de absorcién quimica con aminas. No obstante, en el caso de una CT de carbén
de nueva construccion es posible plantear una configuracién mucho mas integrada entre la
caldera y las distintas unidades del sistema de captura de CO, que permitiria conseguir
sistemas mucho mds compactos, con mayor integraciéon energética entre las distintas
unidades y, en definitiva, mejores eficiencias de producciéon eléctrica. La configuracién
descrita anteriormente en la figura 1.10, compuesta por tres reactores de lecho fluidizado
conectados entre si, serfa un ejemplo de CT de carbén de nueva construccion, en la cual la
calcinacion del CaCO; formado en el carbonatador tiene lugar gracias a la energia
suministrada por una corriente de sélidos a alta temperatura proveniente de la caldera. De
esta manera, se prescinde del consumo de carbén en el calcinador y de la ASU, y el tnico
consumo eléctrico asociado a la captura de CO, proviene del compresor de CO,. El
principal objetivo del trabajo llevado a cabo descrito a continuacién fue disefar un sistema
de recuperacion de energfa del sistema descrito en la figura 1.10 para producir electricidad
en un ciclo de potencia supercritico, y demostrar asi las bajas penalizaciones energéticas
esperadas en dicho proceso. Para ello, se desarrollé el modelo de simulacién en Aspen

Hysys que se describe a continuacion.

3.2.2.1. Descripcion del modelo de simulaciéon desarrollado

En el modelo de simulacién se tomé como base de calculo 1 GW de carbén alimentado al
combustor del esquema de la figura 1.10, que opera a 1030°C y a presiéon atmosférica. El
carbon considerado tiene un bajo contenido en azufre (0.38 % en masa) y un PCI de 25.88
M]J/kg. En el combustor se consider6 que ocurtre la combustion completa de dicho carbén
con aire como comburente, empleando un 15 % de exceso sobre el estequiométrico. A
dicho combustor se alimenta ademas una corriente de sélido a 950°C proveniente del
calcinador, que contiene fundamentalmente CaO (79.8 % en masa), de manera que el SO,
generado en la combustién del carbon reacciona para formar CaSO,. El gas de combustién
generado se enfrid hasta aproximadamente 380°C para ser alimentado al carbonatador,

permitiendo recuperar una gran cantidad de energfa a alta temperatura. El soélido a la salida
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del combustor se alimenta directamente al calcinador, transportando la energia necesaria en
la calcinacion. La corriente de sélidos circulando desde el calcinador al combustor es de 34

kg/m*:s, 7 veces mas grande que la necesaria entre el calcinador y el carbonatador.

El reactor de calcinacion se diseid como un reactor adiabatico que opera a 950°C y a
presion atmosférica, en el que ocurre la calcinaciéon completa del CaCO; proveniente del
carbonatador y de F; gracias a la energfa aportada por la corriente de sélidos del combustor
a 1030°C. El valor de F, alimentado al calcinador se calculé asumiendo un ratio F/F, de
0.1 necesario para mantener una conversion de CaO adecuada en el carbonatador
considerando una circulacién de solido correspondiente a F,/F,,=5.5 (siendo F, en
ambos ratios el flujo molar de CO, en el gas de combustion alimentado al carbonatador).
El gas a 950°C a la salida del calcinador es CO, puro que se enfrfa hasta ~500°C antes de
ser divido en dos fracciones: una que se recircula de nuevo al calcinador para fluidizar el
solido y otra que se envia al compresor de CO, para su transporte y almacenamiento. El
solido a la salida del calcinador se divide en tres fracciones. La fraccién mayoritaria de este
sélido calcinado (90.6 %) se envia al combustor y un 9.2 % se separa para ser alimentado al
carbonatador para reaccionar con el CO, generado en el combustor. Una pequefia fraccion
de apenas un 0.2 % constituye la purga de material del sistema, necesaria para evitar la

acumulacion de CaSO,, cenizas y CaO desactivado.

El carbonatador se disené como un reactor de LFC que opera a 650°C y presion
atmosférica en el que se pone en contacto una corriente de sélido proveniente del
calcinador con el gas de combustiéon generado en el combustor (15.7 %vol. CO,, 75.6
%vol. N,, 6.01 %vol. H,O y 2.6 %vol. O,). En este modelo de simulacién se utilizé el
mismo modelo de reactor para el carbonatador que el descrito en la seccion 3.2.1 anterior.
En este caso, para las condiciones de F, y F, seleccionadas, se alcanz6 una E_ en torno a

90 % en el carbonatador, para una conversion de CaO del 16 %.

El ciclo de vapor supercritico que se tomé como referencia en este trabajo para integrar los
flujos de energfa disponibles en el proceso y producir electricidad fue el mostrado en la
figura 3.2 anterior, cuyas principales caracteristicas ya han sido descritas en la seccion 3.2.1.
Finalmente, se incluy6 en el modelo el compresor de CO, que genera una corriente a 150

bar y 40°C adecuada para transporte y almacenamiento. Este compresor de CO, se disefio
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como un compresor de 5 etapas con refrigeracién intermedia hasta 45°C, con una eficiencia
del 75 % en cada una de las etapas. A pesar de que la energia a baja temperatura recuperada
en las etapas intermedias de refrigeracion podria emplearse en la seccion de menor
temperatura del ciclo de vapor supercritico para cerrar algunas de las extracciones de los
ultimos cuerpos de la turbina, en este trabajo no se considero esta posibilidad, y esa energfa
de menor temperatura se contabiliz6 como una pérdida. El consumo especifico del

compresor de CO, result6 ser de 100 kWh/ton CO, comprimido.

3.2.2.2. Principales resultados obtenidos

En el modelo de simulaciéon descrito, se identificaron 6 focos de energia que se
aprovecharon en el ciclo de potencia supercritico de la forma en que se representa en la
figura 3.5. La energfa que se obtuvo en cada uno de estos focos y su aprovechamiento en el

en el proceso es la que se detalla a continuacion:

(1) 314 MW se recuperan del gas de combustién generado en el combustor a 1030°C que se
enfrfa hasta ~380°C antes de ser alimentado al carbonatador. Esta energfa recuperada se
emplea en la etapa intermedia de recalentamiento de la turbina de vapor del ciclo de

potencia (167 MW) y en precalentar hasta 400°C el aire introducido al combustor (147
MW)

(2) 472 MW se recuperan en el interior del carbonatador a temperatura constante de 650°C,
que se emplean en el evaporador (16.5 %), el sobrecalentador (70.9 %) y en uno de los

economizadores (12.6 %) del ciclo de potencia

(3) 192 MW obtenidos de enfriar el gas con bajo contenido en CO, (~2 %vol.) a la salida
del carbonatador desde 650°C hasta 126°C antes de ser expulsado a la atmoésfera. La
energia se recupera en otro de los economizadores y en varios de los precalentadores de

agua del ciclo de potencia

(4) 52 MW recuperados del CO, a 950°C a la salida del calcinador que se enfria hasta 500°C
antes de ser dividido en el gas recirculado al calcinador y el gas enviado al compresor de

CO,. Esta energia se aprovecha en el tercero de los economizadores del ciclo de potencia

(5) 38 MW obtenidos del CO, a 500°C enviado al compresor de CO, que se enfrfa hasta
~100°C, y que se aprovecha en varios de los precalentadores de agua del ciclo de potencia

que operan a baja temperatura
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(6) 13 MW se recuperan de enfriar la purga de solidos del calcinador desde 950°C hasta
100-120°C antes de ser desechada del proceso. Esta energia se recupera en otro de los

precalentadores del ciclo de potencia
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.\r J ; i
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evaporador 31

economizador 3 130
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Figura 3.5. Esquema de la integracién energética de los flujos de energia disponibles en el sistema
de la figura 1.10 en el ciclo de potencia superctitico. Con e/ fin de conseguir un mejor aprovechamiento

energético, el economizador del ciclo de potencia tomado como referencia se divide en tres etapas de calentamiento

En vista de la cantidad de energfa recuperada en cada uno de los focos de energfa citados,
se calcula que de los 1000 MW introducidos con el carbén en el combustor Gnicamente 314
MW se recuperan en dicho reactor, siendo transferidos los restantes 686 MW con el gas y
la corriente de sélidos al carbonatador y el calcinador, respectivamente, del sistema de
captura de CO,. Puesto que el gas de combustion se enfria notablemente hasta 380°C para
ser alimentado al carbonatador, practicamente la totalidad de estos 686 MW son
transferidos al calcinador (663 MW). En lo que respecta al ciclo de potencia supercritico,
casi el 94 % del total de energfa introducida con el carbén al combustor se aprovecha en los
distintos equipos del ciclo de potencia. Este valor se acerca a la eficiencia de las calderas
convencionales de carbén pulverizado, en las que se calculan eficiencias térmicas de

recuperacion de energfa superiores al 85 %.
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Como resultado de la integracion energética propuesta, se generé una potencia neta de
419.6 MW en el ciclo de potencia. Teniendo en cuenta el consumo del compresor de CO, y
de los auxiliares del proceso, la electricidad neta generada en el proceso fue de 378.1 MW,
lo que se traduce en un rendimiento eléctrico neto de 37.8 % referido a la potencia térmica
introducida con el carbén en el combustor. Con respecto del rendimiento del 45 % del
ciclo de potencia supercritico sin captura de CO,, se obtuvieron 7.2 puntos porcentuales de
penalizacion energética, ligeramente inferior a la penalizacion obtenida en el caso de la CT
existente de carbén que incluye un sistema de captura de CO, en post-combustién. En el
caso de haber recuperado la energfa en las etapas intermedias de enfriamiento del
compresor de CO, para cerrar las extracciones de vapor de la turbina que quedaron abiertas
(ver figura 3.5), serfa posible haber incrementado ligeramente la potencia desarrollada en
dicha turbina, disminuyendo ligeramente la penalizacién energética obtenida. Analizando la
distribuciéon de energfa en el proceso (figura 3.6) se observa que la mitad de la energfa
introducida con el carbén se pierde inevitablemente en forma de calor en la torre de
refrigeracion del ciclo de potencia. Aproximadamente el 6 % de dicha energia se consume
en el compresor de CO, y los auxiliares del proceso, mientras que la corriente de gas de
combustién con bajo contenido en CO,, la purga de sélidos y la corriente de CO, enviada

al compresor de CO, contienen aproximadamente otro 6 % de dicha energfa.

1000 MW Energfa introducida con
el carbén al combustor

63.7 MW Energia no recuperada
(chimenea, purga y COz a compresion)

500.1 MW Calor por torre de

. - 32.9 MW Compressor de CO»
refrigeracion

25.23 MW Auxiliares

378.1 MW Electricidad
en el ciclo de potencia

Figura 3.6. Diagrama Sankey de la distribucién de la energfa introducida con el carbén en el

combustor del proceso
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Es importante destacar que a pesar de los resultados de eficiencia eléctrica obtenidos, el
sistema de reactores propuesto necesita trabajar con una gran circulacion de sélido entre el
combustor y el calcinador, que dificulta el disefio de ambos reactores. Por ello, cualquier
mejora en el sistema propuesto, que se traduzca en una reducciéon de la circulacién de
material entre el combustor y el calcinador repercutira positivamente en el proceso,
facilitando su desarrollo y escalado. Como se vera en el siguiente apartado y como ya se ha
adelantado en la seccién anterior, es posible trabajar con temperaturas ~900°C en el reactor
de calcinacién, que permitirfan reducir notablemente la temperatura de operacién del
combustor y la circulacién de sélido en el sistema propuesto. No obstante, es importante
seguir analizando otras sistemas de transferencia de calor, por ejemplo mediante
precalentadores de tipo ciclénico, que permitan transferir la energfa del combustor al
calcinador del sistema de captura de CO, calentando la corriente de solido del carbonatador

alimentada al calcinador de la figura 1.10 (Abanades et al., 2013).
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3.2.3. Modelo de reactor de calcinacion

Actualmente, la configuracién del proceso de carbonatacion/calcinacion de CaO mas
desatrollada y con mas posibilidad de implantacién en un corto/medio plazo es la que se
describié anteriormente en la figura 3.1. Como ya se ha visto anteriormente, uno de los
objetivos prioritarios en este proceso es conseguir calcinar el CaCO; formado a la menor
temperatura posible para reducir el consumo de energia en el calcinador. Con el fin de
determinar unas condiciones de operacion en el calcinador que permitan alcanzar eficacias
de calcinaciéon elevadas a temperaturas moderadas y tiempos de residencia razonables para
este tipo de reactor, se llevo a cabo la realizacién de una primera aproximacion al modelado
de un calcinador de LFC. Para conferir validez a los resultados obtenidos con este modelo
de calcinador, es imprescindible contar con un modelo cinético de calcinacién capaz de
predecir los resultados obtenidos en las condiciones tipicas de alta concentraciéon de CO,,
alta temperatura y con particulas de CaCO; que han experimentado multiples ciclos de
carbonatacién/ calcinacion, presentes en el reactor de calcinacion de este sistema de captura
de CO,. Como parte de esta Tesis Doctoral, se llevé a cabo la determinacién de un modelo
cinético de calcinacion capaz de predecir el comportamiento de particulas de CaCOj, en las
condiciones tipicas del reactor de calcinacién. Este modelo cinético, se incluyé en el

modelo de calcinador desarrollado tal y como se describe a continuacion.

3.2.3.1. Determinacion de la cinética de calcinacion

El estudio cinético para la reacciéon de calcinacién se realiz6 empleando dos calizas
diferentes con caracteristicas estructurales y de pureza muy similares. Analisis preliminares
en termobalanza, empleando distintos tamafios de particula y diferentes concentraciones de
CO, en la fase gasecosa demostraron que, trabajando con particulas de caliza de tamafio
inferior a 300 um, tipicas de la operacién ciclica en un sistema de
carbonatacién/calcinacién, la velocidad de la reaccion de calcinacién se encuentra
controlada por la reaccién quimica, y no existe control de la difusién del CO, liberado a
través del material poroso formado ni existe resistencia a la transferencia de calor desde el
exterior de la particula hacia la superficie de reacciéon. Ademas, la evolucion de la
distribucién del tamafio de poro hacia una estructura de poros mas abiertos con los ciclos
de carbonatacién/calcinacion hace prever que la reaccion tenga lugar de una manera
homogénea por toda la particula. Este hecho se corroboré mediante las imagenes obtenidas

mediante microscopia electrénica de barrido (SEM) del interior de una particula de caliza
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parcialmente calcinada en aire a 880°C, que se muestran en la figura 3.7. Se observa que
como resultado de la descomposicion del CaCO; y liberacion de CO, se produce la

formacion de poros en diferentes posiciones a lo largo del interior de la particula.

Figura 3.7. Fotografias obtenidas mediante SEM para la caliza (75-125 um) parcialmente calcinada
en aire a 880°C

La calcinaciéon se describié mediante un modelo homogéneo de reacciéon aparente a nivel
de particula. En concreto, se empled la expresion que propusieron Fang et al. (2009b) (3.4)
pata describir la reaccion de calcinacion en sistemas de carbonatacion/calcinacion de CaO,
que se encuentra basada en el modelo de grano clasico de Szekely and Evans (1970), y que

es consistente con un modelo homogéneo a nivel de particula.

df,

?ﬁlc = kc,N (1 - fczﬂc )2/3 '(Ceq - CCOZ ) (34)

f

calc

es la conversion de CaCO; a CaO (y por tanto toma valores de 0 a 1), C,, y Cc, (ambas
en kmol/m’) son la concentraciones de CO, en el equilibrio y en la fase gas,
respectivamente, y k. es la constante cinética de la reaccion. Se eligi6 la expresion 3.4
debido a su simplicidad y a que reproducia con bastante precision los resultados de
conversion obtenidos en termobalanza. Ademas, las predicciones del modelo de grano son
similares a las del Modelo de Poro Aleatorio cuando existe control de la reaccién quimica,
que ya se ha empleado para describir el comportamiento del CaO en otras reacciones

involucradas en el proceso (Grasa et al., 2009).
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Puesto que se realizaron experimentos ciclicos, f_. se calculé referida al contenido de

calc

CaCO; al inicio de un determinado ciclo N, en funcién de la conversion de carbonatacion

alcanzada en el ciclo anterior Xy, como:

= moles CaCOj calcinados (me - Xcalc) (3.5)
“¢ " moles de CaO iniciales X\, X carb '

siendo X, v X, €l contenido de CaCOj (expresado como moles de CaCO; por mol de

Ca 6 Ca0) al comienzo y durante la calcinacion, respectivamente. (X,,-X,) varia de 0 a

carb

X1y de 0 a1l parala primera calcinacion (en la que X ;=100%).

Teniendo en cuenta la definiciéon de f_. (3.5), la expresion de velocidad de calcinacion en

funcién de la variacion del contenido en CaCOy;, (X,,-X o), quedaria:

calc

2/3
d(Xcarb — Xcalc ) =k 1= (Xcarb — Xcalc )
dt ¢

{Coy ~Ceo2) (3.6)

carb

en donde k, equivaldria a k X

catb*

C,, se calcul6 a partir de la fraccion molar de CO, en el equilibrio (f) empleando la

expresion 3.7, en la cual T es la temperatura de operacion (en K) y P es la presion total del

sistema (en atm) (Barker, 1973).

10(7.079—8308/T)

fo=———— 3.7)

Para determinar los parametros cinéticos de calcinaciéon de ambas calizas se emple6 un
tamafio de particula de 75-125 um. Este tamafio permite asegurar una cinética de
calcinaciéon contralada por la reaccion quimica desde el primer ciclo, y representa el tamafio
medio de particula presente en un sistema de carbonatacion/calcinacién tras largos
periodos de operacion ciclica en continuo, en el que tras la fuerte atricion provocada por la
primera calcinacion las particulas de caliza tienden asintéticamente a un tamafio medio de
90 um (Gonzilez et al., 2010). Se realizaron experimentos en termobalanza a presion
atmosférica, modificando la temperatura de calcinaciéon en un rango de 820 a 910°C y la
concentracion de CO, desde 0 a 100 %vol. La carbonatacion se llevo a cabo para todos los

experimentos en un 100 %vol. de CO, y a una temperatura lo mas cercana posible a la de
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calcinacion (820-840°C). La metodologia seguida en la realizacién de los experimentos asi
como la descripcion de la termobalanza empleada se describen en la seccién 2 de esta Tesis

Doctoral.

A la vista de los resultados obtenidos, se comprobé que la velocidad de calcinacion

expresada en funcion de (X,,-X.,0) (expresion 3.6) se mantenia contante con el nimero de

carb
ciclos para una temperatura y concentracion de CO, determinadas, tal y como se observa
en la figura 3.8 (a) (es decir, k. es independiente del nimero de ciclos). Esta apreciacion fue
muy importante ya que permite afirmar que el tiempo necesario para conseguir calcinar
todo el CaCO; depende el contenido inicial de CaCO; (X,,,) para una temperatura y
concentracion de CO, determinadas. De este modo, aquellas particulas con un mayor
contenido en CaCOj al comienzo de la calcinaciéon tardaran maés tiempo en calcinarse
completamente, aunque lo haran a la misma velocidad que aquellas particulas con un
menor contenido en CaCO;. Normalizando los resultados de la figura 3.8 (a) entre 0 y 1
empleando la expresion 3.5, se obtienen los resultados de la figura 3.8 (b), en la que se

observa que el tiempo para alcanzar calcinaciéon completa (f, . =1) disminuye al aumentar el

alc

numero de ciclos debido a un menor contenido en CaCQOj al inicio de la calcinacion.

0.8 1

fcalc

0.4 1
+ Ciclo 1 + Ciclo 1
o Ciclo 4 0.2 = Ciclo 4
4 Ciclo6 4 Ciclo 6
o Ciclo10 o Ciclo10

tiempo (s)

0 10 20 30 40 50

0 - T T T T
0 10 20 30 40 50 60
tiempo (s)

Figura 3.8. Resultados experimentales de (a) (Xcarb-Xecale) ¥ (b) feale con el tiempo para distinto
namero de ciclos para la caliza de tamafio 75-125 pm, llevando a cabo la calcinaciéon a 890°C y con

un 50 %vol. de CO;,
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Integrando la expresion 3.6 se calculd el tiempo necesario para conseguir la calcinacion
completa de una particula con un contenido en CaCOj igual a X, (t7), que viene dado por

la expresion 3.8 y que sera un parametro imprescindible para el disefio del reactor de

calcinacion.

33X

*

t,= carb (3.8)
kc. Ceq - CCOZ

Tal y como se habia indicado anteriormente, este tiempo de calcinacién completa es

directamente proporcional a X

de modo que a mayor X

=0).

cale ™

, mayor tiempo se necesita

carb» cafl

para calcinar completamente las particulas (X

A partir de los resultados experimentales obtenidos, se calculd el valor de la constante
cinética k_de la expresion 3.6 en cada uno de los ciclos y para cada una de las temperaturas
y concentraciones de CO, descritas anteriormente. Los valores de energfa de activacion (E)
obtenidos para la reacciéon de calcinacion fueron muy similares para ambas calizas (91.7-
112.4 kJ/mol). Estos valores de E, se encuentran cercanos al limite inferior del rango de
valores de E, reportados en la literatura (110-210 kJ /mol) para la reaccién de calcinaciéon de
diferentes calizas en un rango de temperatura de 600-900°C (Gallagher and Johnson Jr,
1973; Borgwardt, 1985; Dennis and Hayhurst, 1987; Rao et al., 1989; Garcta-Labiano et al.,
2002). Este hecho puede ser debido a la presencia de impurezas en la caliza y/o a la
sinterizacion del material que resultarfan en un menor valor de E, segtin las observaciones
de Garcia-Calvo et al. (1990) y Romero-Salvador et al. (1989). Una vez determinados los
parametros cinéticos, se comprobé (ver figura 3.9) que el modelo cinético propuesto
predecia correctamente los resultados experimentales al modificar la temperatura (a) y la
concentraciéon de CO, para distinto niamero de ciclos (b), e incluso para condiciones

experimentales de calcinacién cercanas al equilibrio (c).
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fcalc

+T825°C + pCO2 101 kPa*

+ Cycle 2

0.2 o T 850°C 0.2 {1k o pCO2 75 kPa 0.2
’ AT 875°C 4pCO2 50 kPa @ Cycle 5
y o T895°C o pCO2 25 kPa o 4 Cycle 8
0.0 T T . . , 0.0 - . — . . f T T T T :
0 20 40 60 80 100 120 0 10 20 30 40 50 60 70 0 50 100 . 150 200 250 300
tiempo (s) tiempo (s) tiempo (s)

Figura 3.9. Resultados experimentales y predicciones del modelo cinético para (a) quinta
calcinacién con un 25 Y%vol. COz (b) quinta calcinacion a 890°C (*con pco2=101 kPa la calcinacion

se hizo a 905°C) y (c) calcinacion a 825°C y (fe-fcoz) ~0.05 y distinto nimero de ciclos

3.2.3.2. Descripcion del modelo del calcinador

El modelo del reactor de calcinacion desarrollado tiene como principal objetivo calcular la
eficacia de calcinacién en el calcinador (E_,) en funcién de los parametros de entrada de
flujo de solidos (F, y F), contenido en CaCO; de los solidos provenientes del
carbonatador (X)) e inventario de sélidos (N,), y de los parametros de operacion del
calcinador (temperatura (T, ) y fracciéon molar de CO, en la fase gas (f,)). E,. es analogo

calc

al parametro f__ definido en el apartado anterior mediante la expresiéon 3.5 pero aplicado al

reactor de calcinacion, es decir, referido a los contenidos X, v X, a la entrada y salida del

calc
calcinador. La figura 3.10 representa esquematicamente el sistema de reactores de
carbonataciéon y calcinacién, indicando mediante la notacién descrita los balances de

materia al CO,,.
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FCOZ' FCa ' (Xca rb'xcalc) FCa ' (Xca rb'XcaIc)+ FO' ( 1'Xcalc)+FC02,comb

FCOZ,rec

CARBONATADOR
CALCINADOR

I:0')(calc

P
g

Figura 3.10. Representacion esquematica de los reactores de carbonatacion/calcinacion centrados

en el balance de materia al CO;

Con el objetivo de calcular el valor de E . debe de cumplirse el balance de materia global

calc
expresado en la ecuacién 3.9, que establece que el CO, que aparece en la fase gas debido a
la reaccion de calcinacion debe de ser igual al CO, liberado en la reaccién de calcinacion del

CaCOj e igual al CaCO; que desaparece de la corriente de circulacion de solidos:

CO, que aparece CaCOj; que desapareceen la CO, formadoen la reaccion 659)

en la fase gas corriente de circulacion de calcinacion

Con el objetivo de definir las ecuaciones del modelo de reactor y resolver cada uno de los
términos del balance de materia de la ecuacion 3.9 se establecieron una serie de hipotesis

que se resumen a continuacion:

e Se considera combustion completa e instantanea del combustible introducido al

calcinador (correspondiente a introducir una cantidad de C igual a F¢ ., segin la
notacion de la figura 3.10), de manera que el primer término de la ecuacién 3.9 hace
referencia exclusivamente al incremento de CO, en la fase gas debido a la reaccion
de calcinacion (Feoy )

e Mezcla perfecta e instantanea de los sélidos tanto en el reactor de calcinaciéon como
en el reactor de carbonatacion del que procede la corriente de sélidos alimentada al

calcinador
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Se considera una concentracion media constante de CO, a lo largo de toda la
longitud del reactor de calcinacién ya que, como consecuencia de la primera de las
hipotesis citadas, la variaciéon en la fraccion molar de CO, en el gas como
consecuencia de la calcinaciéon completa apenas representa entre 4 y 10 puntos
porcentuales

La velocidad de calcinacion de las particulas en el calcinador se considera que viene
dada por la ecuacién 3.6, segun la cual la velocidad a la que se forma el CO,
proveniente de la calcinacién es constante para una temperatura y concentracion de
CO, dadas, e independiente del contenido de CaCO; de la particula.

La cantidad total de CaCOj a calcinar en el reactor de calcinaciéon proviene de la
corriente de sélidos proveniente del carbonatador (F.-X_,) y del aporte de
sorbente fresco en el calcinador (Fj). A partir de ambas corrientes se calculé un
contenido medio de CaCO; de las particulas existentes en el calcinador, X carb
como:

(F(:a ‘Xcarb + FO)
F(:a + FO

Xearh = (3.10)

Puesto que el sistema de carbonatacién/calcinacion esta previsto que opetre con
valores de purga de material bajos, esto es con valores del ratio F /F., bajos, el

de

valor de Xan de las particulas en el calcinador sera muy similar al valor de X

carb
la corriente de sélidos proveniente del carbonatador. Por tanto, el modelo de
reacciéon de calcinacion aplicable para cualquiera de las particulas presentes en el

calcinador se expres6 como:

X carb _ kc'(ceq _Ccoz)
=4 & 3 ¢ (3.11)

calec — ¢

*
0 t>t,

Segun este modelo, aquellas particulas con un tiempo de tresidencia infetior a t;
(3.8) estaran reaccionando cuando abandonen el reactor de calcinaciéon con una
velocidad constante, que depende de la temperatura y de la concentracién de CO,,
mientras que las particulas cuyo tiempo de residencia sea supetior a t. abandonaran

el calcinador completamente calcinadas (es decir, X,

calc
0).

=0) y su velocidad de reaccion

sera nula (r

calc™
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e Al considerar la hipétesis de mezcla perfecta para el solido, se definié una fraccién

de particulas, f,, cuyo tiempo de residencia en el calcinador es infetior a ¢, :

> “ad

f =1—exp _t% (3.12)

siendo 1 el tiempo medio de residencia de las particulas en el reactor de calcinacion,

que se calcula como:

r= Do (3.13)
I, +F

A partir de estas suposiciones, quedan definidos los distintos términos de la tercera parte
del balance de materia de la expresiéon 3.9, que hace referencia al CO, formado en la

reaccién de calcinacion, y que se calculé como:

CO, formado en la reaccion

=N, 1. =N f .kc'(ceq ~Coon)
de calcinacion Ca “eale Caa 3

(3.14)

El segundo término de dicho balance, referido al CaCOj; que desaparece de la corriente de

solidos que entran al reactor de calcinacién, se calculé como la suma de la contribucién de
aquellas particulas que tienen un tiempo de residencia superior a t, que se han calcinado

completamente, y la contribucion de las particulas que todavia se encuentran reaccionando

y cuya conversion media depende de la distribucion de tiempos de residencia:

CaCO; qued : X
a 3 que desaparece en la _ (FCa + FO )'(Xcarb - Xcalc):

corriente de circulacion

(FCa + FO )(fa '(icarb - Xcalc ]t<tz + (1 - fa )'(icarb - Xcalc ] *

(3.15)

t2te

Resolviendo los diferentes términos de la expresiéon 3.15 se obtiene la expresiéon 3.16. El
desarrollo para obtener la expresion 3.16 que calcula el CaCO; que desaparece de la
corriente de sélidos que entran al calcinador, no se incluye en esta memoria por simplicidad

y se puede consultar en la Publicacion I1” correspondiente a este trabajo.
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] = (F(:a + )'icarb L (3.16)

o Yi-r,)

corriente de circulacién

(CaCO3 que desaparece en la

Comparando 3.15 y 3.16 es posible observar que (Xeub -X,,) €s equivalente a:

calc,

(}_(carb - Xcalc) = Xeatb—F——~ (3.17)

Una vez definidos todos los términos del balance de materia de la expresion 3.9, fue

posible definir E . (3.18), combinando las expresiones 3.5 y 3.17.

f
=2 (3.18)

Ecalc
o Yi-e)

de acuerdo

calc

Como resultado de las distintas ecuaciones descritas, es posible calcular E
con la secuencia de calculo que se muestra en la figura 3.11. En funcién de los parametros
de entrada: F,, Fr,, X, v N, una vez conocidos los paraimetros de operaciéon del

calcinador (temperatura, T, y fracciéon molar de CO, en la fase gas, f.,), asi como los

cales

parametros cinéticos de la reaccion de calcinacion (k, y E,) es posible hacer una estimacion

de E_,. empleando las expresiones 3.10, 3.12, 3.17 y 3.18. La sencillez de esta secuencia de

calc
calculo hace que el modelo propuesto en este trabajo resulte una herramienta util en la
estimacion del funcionamiento del calcinador en un amplio rango de condiciones de

operacion.
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[ FO’ FCa’ Xcarb= NCa ]

- { TcalcthOZI chl E. /

Xcarb (3.10)

f,(3.12)

(Xcarb — Xcalc ) (3.17)

Ecalc (318)

Figura 3.11. Secuencia de calculo de Ecac segun el modelo propuesto

3.2.3.3. Principales resultados obtenidos

La variable F,- X, es la que conecta la operacion del carbonatador con la del calcinador, y
es uno de los parametros de entrada del modelo de calcinador descrito. Como se ha
explicado anteriormente en la seccién 1.3.1, el objetivo es alcanzar eficacias de captura de
CO, equivalentes a 7-9 mol CO,/m*'s en el carbonatador cuando se aplica 2 una CT de
carbon existente, de manera que esa es la cantidad de CO, que se va a transferir del
carbonatador al calcinador con la corriente de soélido (F,-X.,). Existen multiples

combinaciones de F, y X, que podrian permitir alcanzar esos valores de eficacias de

catb

captura de CO,. Sin embargo, valores tipicos de conversion de CaO en este tipo de

sistemas apuntan a un valor de X, habitual en torno a 0.20. Como valor de aporte de

carb
material fresco al sistema se escogi6 un ratio F/F., de 0.05, con el fin de no incurrir en
unos costes de captura muy elevados como se vio anteriormente en la seccion 3.2.1.2.
Estos valores de F,/F,, se obtuvieron trabajando en condiciones cercanas a la de minimo
tamafio en el calcinador y, por tanto, con valores de F, moderadamente altos (F,/Fq,
~0.20-0.25 de acuerdo con los resultados mostrados en la tabla 3.2 anterior). Para estos
ratios, la circulacién desde el carbonatador se corresponderfa con F.,~45 mol/m*s
(equivalente a ~5 kg/m*s considerando un contenido en torno al 50 % en masa de CaO
en esa corriente, segun los balances de masa resueltos en la seccion 3.2.1). Tomando estos
valores como parametros de entrada al modelo de calcinacién, se estudio el efecto de las

restantes variables de operacion (T, N, v fo,) en la eficacia de calcinacion.

cales
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Con respecto al inventario de sélidos (N¢,) (tomando un valor tipico de f.,,=0.80), se

comprobd que su efecto en E . es importante cuando se opera cerca de los limites del

calc

calc

modelo, esto es operando con bajos N, y con T, cercanas al equilibrio de calcinacién
para el f, elegido (~885°C). Sin embargo, para temperaturas de calcinacién a partir de

910-920°C es posible obtener E_,.>95 % incluso con N, extremadamente bajos (~300

calc
kg/m?), que estarfan fuera de los valores de inventario de sélido razonables en calderas de
LFC a mayor escala. En lo que respecta a la concentraciéon de CO, en la fase gas, se

observo también que modificaciones de f.,, resultan importantes en E_. cuando la

calc
temperatura de operacion del calcinador se acerca al valor de la temperatura en el
equilibrio. Es decir, se observé que E_  disminufa bruscamente con pequefias
disminuciones en T . cuando las condiciones eran cercanas al equilibrio, incluso con
inventarios de sélido razonables (~1000 kg/m?. Sin embargo, para temperaturas en el
calcinador cercanas a 910°C, el efecto de la concentracién de CO, en la fase gas apenas

resulté perceptible en el valor de E,, siempre y cuando se los valores de f.,, que no

cale>

superasen un 90 %vol. y las condiciones de operacion fueran las correspondientes al

equilibrio.

En lo que respecta a las dos estrategias de operacion posibles en este sistema de captura de
CO,, que ya se describieron en la secciéon 3.2.1.2 (alto I, y bajo F, para operar con X

carb

elevados y viceversa), las predicciones del modelo mostraron que E_, apenas se ve afectada

calc
por las condiciones de F, y F, escogidas, operando bajo unas condiciones razonables de
N, ¥ feos en el calcinador (~1000 kg/m* de inventario de sélidos y un 80 %vol. de CO, en
la fase gas). Por tanto, a la vista de estos resultados y de los mostrados en la seccion 3.2.1.2
anterior, la  estrategia de operacion mas adecuada en el sistema de
carbonatacién/calcinacién vendria determinada por la demanda energética en el calcinador

ya que se alcanzarfan E_, similares en ambos casos.

calc

Por dltimo, a la vista de las conclusiones que se habian ido obteniendo de los diferentes

analisis, se represento la figura 3.12 en la que se indica el N, necesario en el calcinador en
a T, en el rango de 895-910°C. Se
o/ A

cada caso para conseguir un determinado valor de E

calc

modificé la eficacia de captura de CO, (=F,"E /A, que equivale a F X

car|

) en un

carb> catb

rango de 6-11 mol CO,/m?'s, centrado en torno a los valores esperados en la operacién a
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mayor escala, que se corresponden con valores de E_ de entre 60 y 97 %. El rango de

temperatura escogido en torno a 900°C se debe a que ese valor de T, fue el minimo
necesario en cada uno de los analisis anteriores para conseguir un funcionamiento estable
del calcinador aun con variaciones en f., y N¢,. A la vista de los resultados mostrados en
la figura 3.12 se observa que para unas condiciones de operacién razonables en el
carbonatador para las que se alcanzan eficacias de captura de CO, en torno a 9 mol
CO,/m’ss, las predicciones del modelo desarrollado apuntan que operando con un
inventario de sélido en el calcinador en torno a 800-1200 kg/m* (equivalente ~8000-12000
mol Ca/m’), que implicaria tiempos de residencia del sélido de 2-3 min, y temperaturas de
900-910°C es posible conseguir E . superiores al 95 %, que equivaldrian a un contenido en
CaCOj inferior al 1 % (en moles) en la corriente de sélidos que abandona el calcinador.
Estos valores de temperatura, apenas 15-25°C por encima del valor de la temperatura de
equilibrio (885°C para el f,, considerado) suponen valores mucho mas bajos que los
considerados hasta ese momento en la bibliografia para conseguir alcanzar calcinacion

completa (que apuntan a valores cercanos a 950°C), lo que supondria una disminucion

considerable en la demanda energética del calcinador.

22500

20000 -

895°C

17500
15000
12500
10000 1

Nca (mol/m?)

7500

5000 1

2500 A —Ecalc=0.95

Ecalc=0.97

0 T T T
6 7 8 9 10 1"

Fcoz'Ec /Acars

Figura 3.12. Predicciones de Ecac para distintos valores de inventario de sélidos (Nc,) y eficacias de

captura de CO; en el carbonatadot (Fcoz Ec/Acarb) Kearb=0.2 y fc02=0.80)

Recientemente, resultados experimentales obtenidos para la planta piloto de 1.7 MW
térmicos situada en la CT de La Pereda han corroborado los resultados obtenidos en este

trabajo, demostrando que es posible operar apenas 20-30°C por encima de la temperatura
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del equilibrio para conseguir E_,. practicamente del 100 % (Arias et al., 2013). Ademas, con

calc
posterioridad a la realizacién del presente trabajo, fueron publicados modelos de reactor

para el calcinador mas complejos que el desarrollado en este trabajo que apuntan a la

posibilidad de obtener E . del 99 % operando el calcinador a 894°C (Ylitalo et al., 2014).

calc
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3.3. Analisis de procesos de produccion de hidrégeno con captura in situ de CO,

mediante ciclos de carbonatacién/calcinacién de CaO

3.3.1. Reformado de gas natural con vapor con captura in situ de CO, mediante

CaO

Como ya se ha explicado en la secciéon 1.3.3.1, el proceso de reformado de gas natural con
captura 7z sitn de CO, con CaO propone incorporar un sorbente basado en CaO en el
reactor de reformado donde tiene lugar el reformado de gas natural con vapor, de manera
que favorece la formacién de H,, simplifica el proceso y mejora su eficiencia con respecto
de la tecnologfa comercial de produccién de H,. Por simplicidad a lo largo de esta memoria,
este proceso se va a nombrar como SER, que son las siglas de su nombre en inglés Sorption
Enbanced Reforming. Existen numerosos estudios sobre la sintesis, caracterizaciéon vy
comportamiento de sorbentes calcicos que han demostrado ser adecuados para el proceso
SER debido a su bajo contenido en material inerte y su elevada estabilidad quimica (Li et
al., 2005; Stevens et al., 2007; Martavaltzi and Lemonidou, 2008; Broda and Muller, 2012;
Qin et al,, 2012), sobre experimentos llevados a cabo en reactores de lecho fijo que
demuestran este proceso con sorbentes tanto naturales como sintéticos (Balasubramanian
et al., 1999; Ding and Alpay, 2000; Yi and Harrison, 2005; Johnsen et al., 2006b), asi como
estudios teoricos sobre modelado de reactores tanto de lecho fijo como de lecho fluidizado
que operan en condiciones de SER y que han permitido optimizar las condiciones de
operacion desde el punto de vista del equilibrio termodinamico (Lee et al., 2004; Johnsen et
al., 20006a; Li et al., 2006; Li and Cai, 2007; Wang et al., 2010b; Wang et al., 2011b;
Fernandez et al.,, 2012b). Sin embargo, como ya se ha comentado anteriormente, en el
momento en el que se realizé este trabajo, apenas existian en la literatura trabajos dedicados
a analizar y optimizar el funcionamiento de una planta de produccién de hidrégeno basada
en esta tecnologfa, que constituye por tanto el principal objetivo del trabajo descrito a

continuacion.

Se desarrollé un modelo de simulaciéon en Aspen Hysys de una planta de produccién de H,
basada en el proceso SER, que emplea el sistema de reactores de LFC mostrado
anteriormente en la figura 1.11. Con el objetivo de definir el tamafio de la planta y las
condiciones del H, obtenido como producto, se consideré que esta planta de produccion

de H, se encontraba instalada en una planta de mayor tamafio (por ejemplo, una refineria)

103



de manera que se tomé una produccién de H, de 30000 m’N/h a 29 bar, tipica en este tipo
de instalaciones. El modelo desarrollado incluye, ademas de los reactores de reformado y
regeneracion caracteristicos de este proceso, un sistema de desulfuracion de gas natural, un
sistema de aprovechamiento energético para generar vapor a 100 bar y 485°C que produce
electricidad en una turbina, un sistema de purificacién mediante adsorcién de la corriente
de H, obtenida para su uso externo y, finalmente, el sistema de purificaciéon y compresion
de la corriente de CO, separada para su posterior transporte y almacenamiento. El
diagrama de proceso para el modelo de simulacién desarrollado es el que se muestra en la

figura 3.13.

air / flue gas
fuel / syngas
Hz2/ 02/ CO2
water/steam
=++=-=e=- solids

Hydrogenator

hydrogen
outpu

il
ot

Pressure
swing
adsorber

PSA off-gas
fuel

Reformer -

LP boiler
— feedwater.

N {z7]

{2}

condensate Air ]
Separation
Unit

natural
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liquid CO2

Figura 3.13. Diagrama de proceso del modelo de simulaciéon desarrollado para una planta de
produccion de Hy mediante reformado de gas natural con vapor con captura z situ de COz con

CaO
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3.3.1.1. Descripcion del modelo de simulacién desarrollado

Se considerd el reactor de reformado/carbonatacion vy el calcinador como dos reactores de
LFC conectados entre si, que operan a presiéon cercana a la atmosférica (1.27 bar) y a
diferente temperatura. El gas natural alimentado al proceso (a 15°C y ~30 bar) estaba
compuesto mayoritariamente por CH, (89 %vol. CH,) con un PCI de 46.482 M]J/kg. Se
calienta hasta 365°C mezclado con una pequefa fraccion de H, hasta conseguir 2-5 %vol.
H, y se introduce a la unidad de hidrogenacién, en la que los compuestos de azufre
presentes en el gas natural se transforman en H,S. Tras la hidrogenacién el gas pasa por un
lecho de ZnO para eliminar el H,S mediante la formacién de ZnS. Tras ser expandido
hasta presion cercana a la atmosférica, se divide en dos corrientes que seran alimentadas a
los reactores de reformado y de calcinacion. El gas natural enviado al reactor de reformado
se mezcla con vapor sobrecalentado (en una proporciéon que viene definida por el ratio

vapot/carbono o ratio S/C), y se calienta hasta 300°C para ser alimentada a dicho reactor.

En el reactor de reformado/carbonatacion tiene lugar la descomposicién de los
hidrocarburos mas pesados del gas natural a CO e H, (reacciones 3.19, 3.20 y 3.21) que se
consideraron como reacciones irreversibles debido a la presencia de suficiente catalizador
de Ni en el reactor, la reaccion de activacion del catalizador de Ni (reaccion 3.22) que llega
al reactor de reformado en forma de NiO procedente del calcinador, y el equilibrio de las
reacciones de reformado de CH, (reaccion 3.23), reaccion WGS (reaccion 3.24) y
carbonatacion del CaO (reaccion 3.25). La temperatura de operaciéon del reactor de
reformado (T, se modificé en el rango de 600-650°C con el objetivo de maximizar la
conversion a H, en el equilibrio. A pesar de la endotermicidad de las reacciones 3.19, 3.20 y
3.21 se observé que era posible recuperar energia en el interior de este reactor (Q,.) debido
a la energia liberada en la reaccién 3.25 y al enfriamiento de la corriente de sélidos
procedentes del calcinador a mayor temperatura. Para el caso de T, =650°C, esta energia
Q,.s era practicamente nula lo que significa que no es posible conseguir T, >650°C sin
aportar energfa en este reactor (por ejemplo, quemando gas natural adicional o
introduciendo la alimentacién por encima de 300°C). Debido a esta restriccion, no se

probaron valores de T, >650°C operando el reactor de reformado a presiéon practicamente

igual a la atmosférica.
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CaO +CO, <> CaCO AH 95 « =—178.8 kJ / mol (3.25)

En el modelo desarrollado, se considerdé un sorbente calcico sintético con una composicion
de 85 %(masa) de CaO sobre Al,O, y una conversion residual de CaO del 40 % tras ser
sometido a sucesivos ciclos de carbonatacion/calcinacion. Estas propiedades se estimaron
en base a la informacion publicada en la literatura sobre sorbentes calcicos de CO, con
elevada estabilidad quimica y conversion de CaO, que resultan adecuados para este proceso
de produccion de H, en el que el combustible empleado en el calcinador no contiene
cenizas ni azufre (Li et al., 2005; Martavaltzi and Lemonidou, 2008; Broda and Miiller,
2012; Qin et al., 2012). Para tener cierta cantidad de material de CaO en exceso, se
considerd una circulaciéon de sélido de 3 moles de Ca (en la corriente sélida que circula
desde el calcinador) por mol de C (en la corriente gaseosa de gas natural) a la entrada del
reactor de reformado (es decir, un ratio F.,/F.=3). Para el catalizador de niquel, se
consideré una composicion de 18 %(masa) de Ni sobre Al,O;, trabajando con un ratio
masico catalizador/sorbente de 0.3 en la corriente de sélidos a la entrada del reactor de
reformado (Wang et al., 2010b), calculado dicho ratio como masa de catalizador activado
(incluyendo AL O; y considerando Ni en vez de NiO) dividido entre la masa de CaO en el

sorbente.

El gas rico en H, a la salida del reformador se enfria hasta ~30°C para ser introducido en el
condensador, consiguiéndose asi eliminar practicamente toda la humedad hasta un
contenido <4 %vol. de H,O. Tras el condensador, el gas puede llegar a contener purezas
de H, de hasta 97 %vol., dependiendo de las condiciones escogidas en el reactor de
reformado, y se comprime hasta una presion de 20 bar para ser introducido a la unidad de
purificaciéon basada en la tecnologia PSA (Adsorciéon por cambio de presion, del inglés

Pressure Swing Adsorption). En esta unidad PSA se consigue separar el 90 % del H, presente
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en el gas para obtener un producto con una pureza de H, superior al 99.99 %vol. a una
presion ligeramente inferior que la del gas alimentado (~20 bar en este caso). Este
producto se comprime de nuevo hasta una presién de 29 bar para ser empleado en el
proceso industrial en el que esta planta se encuentra instalada. El gas rechazo de la unidad
PSA, a presion practicamente igual a la atmosférica, contiene las impurezas que han
quedado retenidas durante la etapa de adsorcion (CH, no convertido, CO y CO,) y cierta

cantidad de H, que no ha sido separado con el producto.

El reactor de calcinacion se disefié como un reactor adiabatico en el que se quema gas
natural y el gas rechazo de la unidad PSA, empleando O, practicamente puro como
comburente (95 %vol. O,, 2 Y%vol. N, y 3 %vol. Ar) para aportar la energfa necesaria en
este reactor. El comburente se diluy6 hasta un contenido en O, del 35 %vol. a la entrada
del calcinador recirculando una fraccion del gas rico en CO, a la salida del calcinador a
300°C. La cantidad de O, introducida en el calcinador se ajustd para tener un exceso de O,
de 1.5 %vol. en la corriente que abandona el calcinador. Como consecuencia de estas
hipétesis, la concentracion de CO, en el calcinador resultd ser de 55-60 %vol., de modo
que, para asegurar la calcinaciéon completa del CaCO; se decidié que el calcinador operase a
885°C de acuerdo con los resultados mostrados previamente en 3.2.3.3. Ademads de la
reaccion de calcinacion completa del CaCOj; y de la combustion completa del combustible,
en el calcinador tiene lugar la oxidacion del Ni del catalizador debido a la existencia de una
atmosfera oxidante. El gas a la salida del calcinador que no se recircula de nuevo al
calcinador tras ser enfriado hasta 300°C se alimenta a la unidad de purificacion y
compresion de CO, (CPU, acronimo de Compression and Purification Unif) para su posterior
transporte y almacenamiento. A esta unidad CPU llega un gas con un contenido en CO, del
93-94 %vol., del que deben de eliminarse los gases no-condensables con el fin de conseguir
una pureza final de 96 %vol. de CO,. La presion final considerada para esta corriente de

CO, fue de 110 bar.

A pesar de emplear un combustible libre de cenizas y de azufre en el reactor de calcinacién
que evita la formacion de CaSO, y la acumulacién de cenizas en el proceso asi como la
desactivacion del catalizador de Ni presente en el sélido, se consideré un minimo de aporte
de sorbente fresco en el calcinador (F) con el fin de compensar posibles pérdidas de

material por atricion. En concreto, se escogié un valor de F; equivalente a 0.001 moles de
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Ca por mol de C alimentado al reactor de reformado (es decit, un ratio F;/F.=0.001), que
implica valores muy bajos de F; en el sistema y minimiza por tanto las pérdidas de
catalizador con la purga de sélidos. Con el fin de compensar esta pérdida de catalizador, se

introdujo la cantidad correspondiente de catalizador con dicho aporte F,,.

Los flujos de energfa disponibles en los distintos intercambiadores de calor donde se
enfrfan las corrientes gaseosas obtenidas en el reactor de reformado y de regeneracion, asi
como la energia recuperada en el interior del reactor de reformado, se emplean para
calentar las corrientes de entrada a ambos reactores y para generar vapor a 485°C y 100 bar
que se expande en una turbina de vapor para generar electricidad. Una parte de este vapor
se expande hasta presion atmosférica para satisfacer las necesidades de vapor en el reactor
de reformado, y el resto se expande unicamente hasta 6 bar para ser empleado en el
proceso industrial en el que esta planta de produccion de H, se encuentra instalada. Por
simplicidad en esta memoria, no se han incluido las especificaciones del sistema de
recuperacion de calor y de los equipos incluidos (compresores, bombas, ventiladores,
turbina de vapor,...), que se encuentran descritos en la tabla 1 de la Publicacion 17 que

corresponde a este trabajo.

3.3.1.2. Definicion de los indices de rendimiento del proceso

Con el fin de analizar los resultados obtenidos en este trabajo, se definieron los siguientes
indices o parametros que son representativos de la produccion de H,, consumo de energia

y/o emisiones de CO, a la atmosfera:

e [Eficiencia de produccién de hidrégeno (n;,): es la relacion entre la energfa de la
corriente de hidrégeno obtenida como producto para uso final y la energfa del gas
natural alimentado al proceso (ambos referidos al PCI):

_ My PCLy,

: (3.26)
m'PCly

MNu2

Como se ha comentado anteriormente, en todos los casos se tomd como base de
calculo una producciéon de 30000 m’N/h, lo que equivale a una produccién de

hidrégeno de 90 MW (=m ,, PCl,,)
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Consumo equivalente de gas natural (thgy,,): €s €l consumo de gas natural que

realmente se dedica a la produccién de hidrégeno, es decir, descontando el
consumo de gas natural equivalente a la produccién de vapor que se exporta del
proceso para su uso en otro proceso (este vapor se contabiliza mediante el
parametro QQ,, que representa la energfa térmica liberada en la condensacion de la
corriente de vapor exportado) y el consumo de gas natural equivalente a la

produccion eléctrica en el proceso (W,):

Qu _ Wa (3.27)
Ninref PCIon Metrer PCLgx

mGN,cq =MmgN —

Siendo 1y, .r (F90 %) ¥ Noy,er (558.3 %) las eficiencias tomadas como referencia para
la produccion de energia térmica y de electricidad, respectivamente, de acuerdo con
el estado del arte de calderas industriales y ciclos combinados comerciales (Franco

etal., 2011).

Eficiencia equivalente de produccién de hidrégeno (1,,1,): €s andloga a la eficiencia

de produccion de hidrégeno descrita por la ecuacion 3.26 pero referida a la energfa
asociada al consumo equivalente de gas natural:
my, PCl,
Neg, 2 =7 POl (3.28)
MEGNeq GN
Esta eficiencia equivalente permite comparar de una manera homogénea el
rendimiento térmico de plantas que producen diferentes cantidades de hidrégeno,

electricidad y vapor.

Eficacia de captura de CO, (CCR): es la relacion entre el CO, capturado y las

emisiones de CO, asociadas al contenido en carbono del gas natural alimentado al
proceso:
CCR =—CO2an (3.29)
mMeNCcoz,oN
Siendo ecp, 6y €l factor de emisiones especificas de CO, del gas natural (2.65 kg
CO, producido/kg gas natural, segiin la composicion del gas natural considerado)

Eficacia equivalente de captura de CO, (CCR,,): es andloga a la eficacia de captura

de CO, descrita por la ecuacion 3.29 pero referida al consumo equivalente de gas

natural:

rhCOZ,ca t
CCR = ——CO%ow (3.30)

MGNeq €CO2,6N
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Emisiones especificas de CO, (E): son las emisiones de CO, en el proceso

expresadas en gCO, emitidos por MJ de H, producido:

E — mC()Z,em (3‘31)

myy, PClyy,

Siendo i, ., €l flujo masico (en kg/s) de CO, emitido a la atmosfera.

Emisiones equivalentes especificas de CO, (E,): son las emisiones de CO, en el
proceso (en gCO, emitidos por MJ de H, producido) teniendo en cuenta la
emisiones de CO, especificas asociadas a la electricidad producida W, y a la energfa

térmica del vapor exportado Q,:

B am = W By —QuE
Ecq _ CO2,em el el ch th (332)

My, PClLy,

Siendo E, (=97.7 ¢CO,/MW ) v E,, (=63.3 ¢gCO,/MW ) las emisiones especificas
por unidad de electricidad y de energfa térmica, respectivamente, calculadas a partir
de las emisiones especificas de CO, del gas natural y las eficiencias tomadas como
referencia para la produccién de energia térmica y de electricidad.

SPECCA,, (del inglés Specific Primary Energy Consumption for CO, Avoided): pardimetro

que estima el consumo de energfa térmica necesario para evitar la emision de 1 kg

de CO, (en MJ/kg CO,):

11
1/]cq,HZ neq,HZ cof
SPECCA,, = 1000 (3.33)
Eeq,ref - Eeq

Siendo Negipz | rer ¥ Eeqrer 12 eficiencia equivalente de produccion de hidrégeno y las

eq,ref
emisiones equivalentes especificas de CO, de la planta de produccién de hidrégeno

considerada como referencia sin incluir captura de CO,,.

3.3.1.3. Descripcion de la planta de referencia

Para comparar los resultados obtenidos en esta planta de producciéon de H, basada en el
proceso SER; se desarrollé un modelo de simulacién para una planta de producciéon de H,
comercial basada en el proceso de reformado de gas natural con vapor, cuyas principales
caracteristicas se han descrito brevemente en la secciéon 1.2.1.2 anterior. Se consideraron
dos escenarios de operacion posibles: con captura de CO, mediante absorcién quimica con

MDEA vy sin captura de CO,.
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Una vez eliminado el azufre, siguiendo el mismo procedimiento que el explicado en la
seccion 3.3.1.1, el gas natural se mezcla con vapor en un ratio S/C=4" y se calienta hasta
490°C para ser alimentado a un reactor adiabatico de pre-reformado cuyo principal objetivo
es descomponer los hidrocarburos mas pesados del gas natural (de acuerdo con las
reacciones 3.19, 3.20 y 3.21) en presencia de un catalizador de niquel. A la salida de este
reactor de pre-reformado, la mezcla gaseosa (fundamentalmente H,O y CH,) se calienta a
650°C y se introduce en el reactor principal de reformado que opera a 890°C y 32 bar, en el
que tiene lugar la reacciéon de reformado de CH, (reacciéon 3.23) y de WGS (reaccion 3.24)
en presencia de un catalizador de Ni. La energia necesaria en este reactor proviene de
quemar un combustible con aire a 1010°C en el horno en el que se encuentran inmersos los
tubos del reactor principal de reformado. El gas de reformado (44-50 %vol. de H,) se
enfrfa hasta aproximadamente 330°C para ser alimentado al primero de los reactores de
WGS, recuperando la energfa disponible para producir vapor saturado a 100 bar de
presion. A la salida del reactor de WGS el gas se enfria hasta 200°C y se alimenta a una
segunda unidad de WGS para favorecer todavia mas la conversion del CO presente en el
gas a CO, e H,. El gas a la salida de esta segunda unidad WGS se enfria hasta temperatura
ambiente para condensar el H,O presente en el gas, y ser enviado a la unidad de absorcion
con MDEA en donde se separa el 95 % del CO, presente en el gas para ser enviado a la
unidad CPU. La corriente de gas practicamente sin CO,, que tiene un contenido en H, >95
%vol. y que se encuentra a 29 bar, se separa en dos fracciones: una de ellas se envia a la
unidad PSA para separar la corriente de H, puro que constituye el producto, y la otra
fraccién se quema con aire para aportar la energfa necesaria en el reactor principal de
reformado. En la unidad PSA se separa el 90 % del H, contenido en el gas y el gas rechazo
se usa como combustible en el reactor principal de reformado junto con el gas rico en H,
anterior. La corriente de aire para quemar estas corrientes de gases ricas en H, se ajustod

para tener ~5 %vol. de O, en el gas de combustion.

En la configuracién sin captura de CO,, se prescinde del segundo reactor de WGS y de la
unidad de absorcion con MDEA, de manera que a la salida del primer reactor de WGS el

gas se enfria hasta temperatura ambiente para condensar el H,O. El gas a la salida del

4E] ratio S/C=4 se escogié para favorecer la conversién de CO a CO; en las unidades WGS a alta y baja
temperatura, y asi conseguir eficacias de captura de CO, (CCR) elevadas de hasta 85 %, comparables a las
obtenidas en la planta basada en el proceso SER. En el caso de haber escogido el mismo S/C que en el caso
sin captura de CO; (~2.7), se obtendrfan CCR~65 %, notablemente mas bajas que en el SER.
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condensador se alimenta a la unidad PSA de purificacién en la que se separa una corriente
de H, con una pureza del 99.999 %vol. a 29 bar. En esta configuracion, el combustible en
el reactor principal de reformado es el gas rechazo de la PSA y gas natural adicional. El
ratio S/C en este caso se fij6 en torno a 2.7, inferior al elegido en la configuracion con
captura de CO, ya que en este caso no es tan importante alcanzar altas concentraciones de
CO, a la salida de la etapa de WGS ya que no hay una unidad de absorcion quimica. A
pesar de que altos valores del ratio S/C permititian alcanzar mayores conversiones de CH,,
lo habitual en las plantas modernas de reformado es operar con valores de este ratio S/C
moderadamente mas bajos (en torno a 2.5), con el fin de reducir el flujo masico circulando
en el sistema y reducir asi el tamafio de los equipos y la inversiéon. Ademds, aquellas plantas
operando con bajos valores del ratio S/C permiten mejorar la eficiencia térmica del
proceso y por tanto reducir el coste de operacion (Rostrup-Nielsen et al., 2002). Para el
valor del ratio S/C de 2.7 escogido, se obtiene un valor de conversién de CH, elevado del
80 % y un ratio H,O/CO en torno a 3 a la entrada de la etapa WGS, suficiente para

favorecer la conversion a H, en esta etapa.

Al igual que para la planta de producciéon de H, basada en el proceso SER, la energia
recuperada al enfriar la corriente de gas de reformado y el gas de combustion se empled
para generar vapor sobrecalentado a 100 bar y 485°C que se expande en una turbina de
vapor para producir electricidad. En esta planta de referencia, el vapor se expande hasta
~40 bar para separar el vapor necesario en el reactor de reformado y el resto del vapor se
expande hasta 6 bar para ser exportado como vapor de proceso y para ser consumido en la
etapa de regeneracion de la MDEA. Los resultados obtenidos para esta planta de referencia
con y sin captura de CO, se incluyen en la siguiente secciéon 3.3.1.4, en donde se comparan

con los resultados obtenidos para la planta basada en el proceso SER.

3.3.1.4. Principales resultados obtenidos. Comparacion con la planta de

referencia.

Los parametros de operaciéon considerados en el modelo de simulacién para la planta de
produccion de H, basada en el proceso SER fueron la temperatura de operacion del reactor
de reformado (T, la relacién molar vapor/catbono en el gas alimentado al reactor de
reformado (ratio S/C), la presion de operacién de los reactores de reformado y de

calcinacion (P), el porcentaje de recuperacion de H, en la unidad PSA de purificaciéon de H,
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y la circulacién de sélidos entre reactores (parametro que determina la relacién molar
calcio/carbono a la entrada del reactor de reformado). Entre estas variables de operacion,
el consumo de vapor en el reactor de reformado result6 clave en la optimizacion energética
del proceso, ya que determina la conversiéon a H, en este reactor y por tanto el consumo de
combustible por unidad de H, producido, asi como el balance energético del proceso
debido al consumo de energfa asociado a la generacion de ese vapor necesario. Por ello, el

efecto de este parametro de operacion, junto con el efecto de T, es el que se analiza a

ref>
continuacion en esta memoria. En la Publicacion 17 correspondiente a este trabajo se puede
encontrar el estudio de los restantes parametros anteriormente citados, cuyo efecto en el
funcionamiento del proceso no ha sido tan importante como el efecto de T, y del ratio

S/C.

Se analizé el efecto de este consumo de vapor modificando el valor del ratio S/C para

diferentes valores de T, entre 600 y 650°C. Se pudo comprobar que para cada valor de T ;

ref
escogido, existia un rango de posibles valores del ratio S/C. El maximo y el minimo valor
de ese ratio S/C para cada valor de T, se muestran en la tabla 3.4 y se corresponden con

los siguientes escenarios del proceso mostrado en la figura 3.13:

e Maximo valor del ratio S/C: se corresponde con aquella configuracion en la que la
totalidad del vapor generado en el proceso a 485°C y 100 bar se expande hasta
presién atmostérica para ser alimentado al reactor de reformado. En este caso, no
existe vapor exportado a 6 bar y, por tanto, Q,=0 como puede verse en la tabla 3.4.
En esta configuracion, se necesita la menor cantidad de gas natural en el reactor de
reformado para satisfacer la produccién de 30000 m’N/h de H,, debido a que el
equilibrio de las reacciones 3.23, 3.24 y 3.25 se encuentra termodinamicamente
favorecido y la conversion de CH, a H, es elevada. Este hecho, se traduce en un
bajo calor de combustion del gas rechazo de la unidad PSA (debido al bajo
contenido en CH, en este gas) y, por tanto, en un mayor consumo de gas natural en
el calcinador.

e Minimo valor del ratio S/C: se corresponde con aquellas condiciones en las que la
combustioén del gas rechazo de la unidad PSA aporta justo la energfa necesaria en el
calcinador sin necesidad de introducir gas natural adicional. Lo que ocurre en estos
casos es que, al disminuir el ratio S/C por debajo del maximo valor antetiot, y

disminuir la conversion de CH, a H, en el reactor de reformado, aumenta la energia
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contenida en el gas rechazo de la PSA que sera maxima para estas condiciones de
minimo S/C. En esta configuracién, la cantidad de gas natural en el reactor de
reformado para satisfacer la produccion de 30000 m’N/h de H, y de vapor
exportado a 6 bar en el proceso toman los maximos valores, tal y como se puede

comprobar en la tabla 3.4.

Tabla 3.4. Resultados obtenidos para diferentes valores de Trr operando bajo las condiciones de
maximo y minimo ratio S/C en el reactor de reformado

Temperatura reactor de reformado 620°C

Ratio S/C maximo y minimo 3.23 1.82 2.93 1.86 | 2.16 | 1.98
Energia gas natural alimentado (MW) 112.6 | 1158 | 111.0 | 113.1 | 107.6 | 107.7
% gas natural al reactor reformado 81.04 | 100.0 | 83.77 | 100.0 | 96.37 | 100.0
Energia introducida al calcinador (MW) | 3590 | 38.17 | 3441 | 35.79 | 31.22 | 31.28
Energia en el gas rechazo PSA (MW) 14.42 | 38.17 | 16.28 | 35.79 | 26.78 | 31.28
Qrer (MW) 2.69 | 5.87 1.42 348 | 0.05 | 0.18
Produccion eléctrica proceso, W (MW) | -499 | -543 | -528 | -5.67 | -6.04 | -6.16
Energia térmica exportada, Qn (MW) 0.00 | 693 0.00 4.86 | 0.00 | 0.62
Energia gas natural equivalente(MW) 121.2 | 1175 | 1201 | 1174 | 117.9 | 1175

Produccién H; reactor reformado (moles | 3.64 2.87 3.58 294 | 3.21 3.09
H; obtenidos reactor reformado/moles
CH, equivalente!> alimentados al reactor
reformado)

Produccion global H; (moles Hz/moles 2.66 2.58 2.70 2.65 | 278 | 278
CH,4 equivalente)

iz (%) 79.90 | 77.67 | 81.03 | 79.56 | 83.67 | 83.56
ez (V0) 7425 | 76.60 | 7492 | 76.63 | 7631 | 76.55
CCR (%) 98.51 | 98.37 | 98.56 | 98.51 | 98.72 | 98.72
CCR., (%) 91.54 | 97.01 | 91.14 | 94.90 | 90.04 | 90.44
E (gCO,/M]J de Hy) 106 | 1.17 | 101 | 1.07 | 0.87 | 0.87
E.q (2C0O,/MJ de Hy) 649 | 222 | 674 | 380 | 743 | 712
SPECCA., (MJ/kg CO») 237 | 159 | 218 | 1.62 | 181 | 1.73

En la figura 3.14 se representan los resultados de 7, y 7 n, Obtenidos para todos los

valores del ratio S/C en el rango de T,; de 600-650°C. Tal y como se observa en la figura

ref
3.14 (a), tanto la temperatura del reactor de reformado como el aporte de vapor en este
reactor tienen un efecto muy importante en 7;y,, observandose un incremento de 7, y una
disminucién de las emisiones de CO, al aumentar tanto la temperatura como el valor del
ratio S/C en el reactor de reformado. Este efecto se debe a que un incremento del ratio

S/C implica un aumento en la conversion a H, en el reactor de reformado y, por tanto,

disminuye la cantidad de gas natural necesaria en este reactor para conseguir la produccion

15CH4 equivalente de una mezcla de hidrocarburos es la cantidad de CH4 que tiene la misma capacidad de
generacion de H; mediante las reacciones 3.23 y 3.24. Se calcula mediante la expresion:
mCH4,eq:mCH4+7/4'mc2H6+5/2'mc3Hs+13/4'mc4H10
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de H, establecida como base de calculo. Ademas, al aumentar T, ; la diferencia de
temperatura entre los reactores de reformado y calcinacion disminuye, lo que implica un
menor consumo de energia en el reactor de calcinacion para calentar los sélidos
provenientes del reactor de reformado hasta la temperatura de calcinacion (885°C en estos
casos). Ambos factores provocan que el mayor valor de 7, obtenido sea de 83.7 %,
correspondiente a la mayor de las temperaturas en el reactor de reformado (650°C)
operando con el maximo valor del ratio S/C (en torno a 2.2). Si se observa 1., las

tendencias observadas al modificar T, y el ratio S/C son opuestas. De acuerdo con los

ref
resultados mostrados en la figura 3.14 (b), los mejores resultados de 7,1, ¥ E,, se obtienen
operando a la menor de las temperaturas y con el menor de los ratios S/C en el reactor de

reformado. Al disminuir T, aumenta la diferencia de temperatura entre los reactores de

ref>

ref

reformado y calcinacion y, en definitiva, Q,.; que esta ligada a la producciéon de vapor a
485°C y 100 bar. Por tanto, al disminuir T, ; aumenta la produccion de electricidad en la
turbina de vapor y, por tanto, aumenta W, que tiene un efecto positivo en 7, de acuerdo
con las expresiones 3.27 y 3.28. Con trespecto al efecto del ratio S/C, una disminucién del
aporte de vapor en el reactor de reformado implica un aumento en la cantidad de vapor
exportado a 6 bar, es decir, un aumento de Q,,. Analogamente a lo que ocurria con W, un
aumento en Q, se traduce en un aumento de 7, de acuerdo con las expresiones 3.27 y
3.28. A pesar de estos efectos, el valor de 7,,;;, obtenido para T, =650°C y un ratio S/C
maximo en torno a 2.2 es de 76.3 % que, de acuerdo con los valores de la tabla 3.4, se
encuentra entre los maximos valores de 7. Por tanto, estas condiciones de T, y del
ratio S/C son las que se consideraron como 6ptimas para el funcionamiento de la planta de

produccion de H, basada en el proceso SER, cuyo diagrama de proceso se representa en la

tigura 3.13.
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Figura 3.14. (a) N2 vs. E y (b) Neqi2 Vs. Eeq para diferentes valores de Trr y del ratio S/C en el

reactor de reformado

En la tabla 3.5 se recogen los principales resultados obtenidos para la planta de referencia
de produccién de H, con y sin captura de CO,, junto con los obtenidos para la planta de
produccion de H, mediante el proceso SER para las condiciones éptimas. En primer lugar
es importante destacar que, a pesar del consumo de energfa en el reactor de calcinacion, el
consumo de gas natural en la planta basada en el proceso SER es casi un 20 % inferior que
la planta convencional de producciéon de H, incluyendo captura de CO, mediante
absorciéon con aminas, operando a temperaturas mucho mas bajas. Este hecho se traduce
en un valor de 7y, de casi un 84 %, 15 puntos porcentuales por encima del valor obtenido
para la planta de referencia con captura de CO, mediante absorcién con aminas. Otro
aspecto importante a destacar es que, a nivel global, la planta basada en el proceso SER
permite obtener producciones de H, de 2.78 moles de H, por mol de CH, equivalente!s,
notablemente superiores a la producciéon de H, que se obtendria mediante el proceso
convencional con captura de CO, (2.29 moles de H, por mol de CH, equivalente). En
términos de 7y, las diferencias entre ambos procesos también son notables aunque
inferiores a las observadas para 7;;,. De acuerdo con los resultados mostrados en la tabla
3.5, Negno pata el proceso convencional con captura de CO, setfa 6 puntos porcentuales
mas bajo al valor obtenido para el proceso SER. Estas mejoras en el rendimiento de
produccion de H, se traducirfan en definitiva en una disminucién en el coste de produccion

de H, con respecto de la tecnologia convencional de produccién de H,, mediante la cual el
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coste del combustible puede llegar a representar entre 70-85 % del total del coste de
produccién de hidrégeno (Bressan and Davis, 2013). Finalmente, es importante destacar
que en la planta de producciéon de H, mediante el proceso SER se obtienen eficacias de
captura de CO, globales cercanas al 100 %, ya que el uso del gas rechazo de la PSA como
combustible en el calcinador evita la emisiéon a la atmoésfera del carbono contenido en
dicho gas. En definitiva, todas estas mejoras obtenidas se traducen en un consumo de
energia térmica por unidad de CO, evitado (SPECCA) de casi la mitad que en el proceso
convencional de reformado, lo que confirma el potencial del proceso SER como tecnologia
de producciéon de H, con captura de CO, en comparaciéon al proceso convencional de
produccién de H, empleando tecnologia comercial de absorciéon quimica como método de

captura de CO,.

Tabla 3.5. Comparacién de los resultados obtenidos para la planta de referencia con y sin captura
de COp, y para la planta de produccién de hidrégeno basada en el proceso SER con T.i=650°C y
un ratio S/C~2.2

Reformado Reformado  Reformado

convencional convencional con captura
sin captura  con captura In situ de
de CO; de CO; CO;
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3.3.2. Nuevo proceso de producciéon de hidréogeno basado en los ciclos de

carbonatacion/calcinacion de CaO y de oxidacion/reduccion de un sélido de cobre

Con el principal objetivo de prescindir de la unidad de separacién de aire necesaria en el
proceso de produccién de hidrégeno analizado en la secciéon 3.3.1, se plantea este nuevo
proceso cuya principal novedad es el aporte de la energia necesaria en la etapa de
calcinaciéon del CaCO; mediante la reduccién exotérmica de un sélido de CuO. Este
proceso, descrito brevemente en la seccion 1.3.3.2, no necesita una unidad de separacion de
aire ya que la etapa de calcinacién tiene lugar alimentando gas natural, CO, H, o mezclas de
estos gases como agentes reductores en presencia de CuO, obteniéndose asi una mezcla
gaseosa de CO, y vapor de agua, facilmente purificable mediante condensacion (Fernandez
et al., 2012c). Ademas, la transferencia de calor directa desde las particulas metalicas de
cobre hacia las de CaCOj; resulta en una transferencia de energfa altamente eficiente al
acoplar en un mismo lecho de sélidos una reaccién fuertemente endotérmica con una
reacciéon exotérmica consistente en la reduccion del CuO. Otra ventaja importante,
derivada de la operacion en un sistema de lechos fijos que van alternando las condiciones
de operacién para pasar de una etapa a otra de la figura 1.12, es la operacion a presion que
reduce la necesidad posterior de compresion de la corriente de hidrégeno obtenida y facilita
su aplicacion como combustible en una turbina de gas. Ademas, la ausencia de circulacion
de solidos entre reactores minimiza los problemas de atricién y facilita un disefio mas
compacto del sistema al no necesitar complejos sistemas de separaciéon gas-sélido a alta

temperatura.

Sin embargo, este proceso alternativo de producciéon de hidrégeno comparte las
desventajas de otros procesos de combustion llevados a cabo en reactores de lecho fijo en
lo que respecta a la necesidad de un control de temperatura en el lecho y/o a la necesidad
de un sistema de valvulas que operen a alta temperatura (Noorman et al., 2007; Noorman
et al., 2010; Hamers et al., 2013; Spallina et al., 2013). En la actualidad existen fabricantes
que ofrecen un sistema de valvulas capaces de operar en el rango de temperaturas necesario
en este proceso de produccion de H, (KOPECS), por lo que la disponibilidad de este
sistema no va a suponer una limitacién tecnoldgica al desarrollo de este proceso. En lo que
respecta al control de temperatura en el interior del lecho, la etapa de oxidacién del material
de cobre (etapa B en la figura 1.12) es la que requiere especial anterior debido a la elevada
velocidad y a la gran exotermicidad de la reacciéon de oxidacion del CuO (reaccion 3.34),

que provocarfan un aumento importante de la temperatura en el frente de reaccion
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adiabatico. Tal y como se adelantaba anteriormente en la seccion 1.3.3.2, es importante
controlar la temperatura maxima alcanzada durante esta etapa de oxidacion (T, ) para
evitar reacciones indeseadas o la degradaciéon prematura del sélido rico en Cu que
provocarian pérdidas en la actividad del material (Chuang et al., 2008). Ademas, valores
muy elevados de T, provocarian una pérdida de actividad del CaO por sinterizacién y
favorecerian la calcinaciéon del CaCOj; formado en la etapa previa de SER, ocasionando
emisiones de CO, a la atmdsfera junto con el gas que abandona esta etapa B de oxidacion.

De acuerdo con todos estos aspectos, se ha considerado razonable que el valor de T,y se

encuentre en el rango de 830 a 870°C, dentro del cual la calcinacién del CaCOj; es
moderada, determinada por el equilibrio de la figura 1.9. Fernandez et al. (2012c)
resolvieron los balances de materia y energfa para cada una de las etapas del proceso

mostrado en la figura 3.15, y determinaron que es posible controlar T, 5 en ese rango

max,
limitando la temperatura y la concentraciéon de O, en el gas alimentado a esta etapa
(corriente 3 en la figura 3.15) a valores de 150-300°C y 3-4 %vol. de O,, respectivamente.
Esos valores de concentracion de O, tan bajos se consiguen recirculando una fracciéon del

gas a la salida de la etapa B de oxidacién (fundamentalmente N,) para mezclarlo con la

corriente de aire a presion proveniente del compresor.

En la figura 3.15 se muestra una representacion esquematica del sistema de lechos fijos en
los que se basa este nuevo proceso de producciéon de hidrégeno y/o electricidad basado en
la combinacién de los ciclos de CaO/CaCO; y Cu/CuO. Dicha figura representa las dos
configuraciones posibles para este nuevo proceso, descritas anteriormente en la seccion
1.3.3.2: produccién combinada de hidrégeno y/o electricidad y produccion exclusiva de
electricidad (cuyas modificaciones con respecto del esquema general de producciéon de
hidrégeno se indican con lineas punteadas azules). En este trabajo, se analizé en detalle
cada configuraciéon de proceso con el fin de determinar la eficiencia de produccién de H, o
la eficiencia eléctrica neta, segin el caso, para distintas condiciones de operaciéon en las
distintas etapas. Sin embargo, en cualquiera de las configuraciones de proceso descritas, se
han incluido dos etapas adicionales (denominadas B' y C' en la figura 3.15) con respecto del
esquema conceptual mostrado anteriormente en la figura 1.12, cuya finalidad se explica a

continuacion.
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Figura 3.15. Representacion esquematica general del proceso de produccién de hidrégeno y/o
electricidad basado en la combinacién de los ciclos de CaO/CaCO3 y Cu/CuO. Las lineas punteadas

azules indican las modificaciones necesarias para la configuracion de produccion exclusiva de electricidad

Como resultado de introducir una corriente de aire diluido a baja temperatura en la etapa

de oxidacién del material de Cu para controlar T el lecho de sélidos al finalizar esta

max,B>
etapa se encontrard a una temperatura demasiado baja para favorecer la reduccion del CuO
y llevar a cabo la siguiente etapa de calcinacion del CaCOs. Por ello, se introduce una etapa
intermedia de calentamiento del lecho (denominada B' en la figura 3.15) en la que se
transfiere la energfa del gas rico en N, recirculado de nuevo a la etapa B para calentar el
lecho de soélidos hasta la mayor temperatura posible. El gas a la salida de esta etapa B' se
mezcla con la corriente de aire comprimido (corriente 7 en la figura 3.15) para conseguir
diluir la concentracion de O, hasta el valor deseado de 3-4 %vol. (Fernandez et al., 2014).
Generalmente la temperatura de ambas corrientes de gas se encuentra por encima de la
necesaria para controlar T, 5, y se necesitard introducir un intercambiador de calor para

conseguir enfriar ambas corrientes hasta 150-300°C para ser alimentadas a la etapa B (tal y

como se indica en la figura 3.15).
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Un aspecto clave en este proceso es asegurar que la etapa C de calcinaciéon sea
térmicamente neutra, y que por tanto la energia liberada en la reducciéon del CuO iguale la
necesaria para calcinar el CaCOj formado en la etapa A. Este aspecto se controla mediante
el ratio molar Cu/CaO presente en el lecho de sélido al inicio del proceso, que debe de ser
minuciosamente escogido para asegurar que la energfa liberada por la reaccion de reduccion
del CuO empleando CH, (reaccién 3.35), CO (reaccion 3.36) 6 H, (reaccion 3.37) es igual a
la energfa necesaria en la calcinacion. Teniendo en cuenta las entalpias de reaccion a 850°C
y considerando un intercambio de calor adiabatico en la etapa C de calcinacién, se estima
que el ratio molar Cu/CaO necesatio para reducir el CuO empleando CH, puro es de 3.1,
mientras que si se emplea CO puro el ratio molar Cu/CaO necesatio seria de 1.3. En el
caso de disponer de un gas de sintesis, el ratio molar Cu/CaO necesario estard en un
intervalo de 1.3-1.9 dependiendo de la cantidad relativa de H, y CO en el gas (Fernandez et
al., 2012c). Debido a las elevadas temperaturas necesarias para conseguir calcinar el CaCO,
en la etapa C, el lecho de sélido quedara a una temperatura muy elevada una vez finalice
esta etapa y es necesario reducir su temperatura hasta 700°C para comenzar una nueva
etapa A de producciéon de H,. Con el objetivo de reducir la temperatura del lecho de
solidos, se introduce la etapa C' en el esquema de la figura 3.15 en la que se alimenta una
mezcla de CH, y vapor para aprovechar la energfa sobrante en el lecho de sélidos en llevar
a cabo las reacciones de reformado de CH, y de WGS (reacciones 3.23 y 3.24,
respectivamente). El gas de sintesis generado en la etapa C’ se emplea como alimentacion
en la etapa C de calcinacion/reduccion, consiguiendo reducir asi el ratio molar Cu/CaO
necesario en el proceso. El ratio S/C del gas alimentado en esta etapa C' generalmente se
encuentra en torno a 1 ya que en esta etapa no es prioridad producir una corriente

concentrada en H, sino una mezcla CO/H,,.

En el disefio preliminar de ambas configuraciones de proceso, los balances de materia y
energia de cada una de las etapas de proceso de la figura 3.15 se resolvieron mediante
modelos basicos de reactor que fueron descritos detalladamente por Fernandez et al.

(2012¢). Estos modelos de reactor consisten, basicamente, en asumir unas cinéticas de
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reaccion muy rapidas para las reacciones gas-solido involucradas en el proceso, sin
resistencia a la transferencia de materia entre la fase gas y la superficie del sélido, de manera
que las reacciones tienen lugar en un frente de reacciéon muy estrecho que avanza a una
velocidad constante en el lecho. La velocidad del frente de reacciéon depende del flujo de
gas alimentado al reactor, de la estequiometria de la reaccidn, del area transversal del
reactor y de la densidad del sélido. La energfa intercambiada en las distintas reacciones que
tienen lugar en el proceso, junto con la hipétesis de reactores adiabaticos y la diferencia de
temperatura que existe entre el solido y el gas alimentado a cada etapa, hacen que exista un
frente de intercambio de calor en el lecho, que sigue un modelo de flujo piston a través del
lecho de sélidos conforme el tiempo de reaccidén avanza. La velocidad de avance de este
frente de intercambio de calor depende de los mismos parametros que la velocidad del

frente de reaccién y de las capacidades calorificas del gas y del solido.

3.3.2.1. Esquema de proceso para la produccion combinada de hidrégeno y

electricidad. Descripcion del modelo de simulaciéon desarrollado.

Se desarrollé un modelo de simulaciéon completo en Aspen Hysys de una planta de
produccién de H, basada en la combinacién de los ciclos de CaO/CaCO; y de Cu/CuO,
que consiste en un sistema de reactores de lecho fijo como el que se muestra en la figura
3.15. Analogamente al modelo descrito en la secciéon 3.3.1, se considerd que esta planta de
producciéon de H, se encontraba instalada en una planta de mayor tamafio (por ejemplo,
una refinerfa) y se tomé una producciéon de H, de 30000 m*N/h a 29 bar, tipica en este tipo
de instalaciones. El modelo desarrollado incluye un sistema de desulfuraciéon y pre-
reformado de gas natural, un sistema de aprovechamiento energético para generar el vapor
necesario en el proceso de producciéon de H, (concretamente en las etapas A y C' de la
figura 3.15), un sistema de purificaciéon mediante adsorcion de la corriente de H, obtenida y
finalmente una unidad de purificacién y compresion de la corriente de CO, separada (CPU,
acronimo  de  Compression  and  Purification  Unif) para su posterior transporte y

almacenamiento.

El gas natural alimentado al proceso (a 15°C y ~19 bar) tiene la misma composiciéon y PCI
que el empleado en el modelo descrito en la seccién 3.3.1 anterior. Se calienta hasta 365°C
mezclado con una pequefia fraccién de H, hasta conseguir 2-5 %vol. H, y se alimenta a las

unidades de hidrogenacién y de desulfuracion para eliminar los compuestos de azufre. Una
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vez desulfurado, el gas natural se divide en dos corrientes que constituyen las
alimentaciones a las etapas A y C' del proceso de la figura 3.15. Cada corriente se mezcla
con una cantidad de vapor (a 250°C y 16 bar), correspondiente al ratio S/C fijado en cada
etapa, y se calienta hasta 490°C para ser introducido en una etapa adiabatica de pre-
reformado, en la que se descomponen las fracciones mas pesadas del gas natural de
acuerdo con las reacciones 3.19, 3.20 y 3.21. Esta etapa previa se introdujo con el fin de
evitar que, a las altas temperaturas a las que operan las etapas A y C' del proceso de la figura
3.15, se produjese el craqueo térmico de estos hidrocarburos pesados en olefinas vy,
posteriormente, en coque, que podria ocasionar la desactivacion del catalizador (Dybkjaer,
1995). Una vez descompuestos estos hidrocarburos, la mezcla de gases resultante
(fundamentalmente CH, y vapor) ya puede ser alimentada a las etapas A y C' del proceso, y
se corresponderfan con las corrientes 1 y 11 de la figura 3.15. Estas corrientes se alimentan
a las etapas A y C'a una temperatura de 700°C (=T,,) con el fin de evitar la formacion de
Ca(OH), en el lecho de sélidos, ya que la presencia del sistema CaO/Ca(OH),/CaCO; a
temperaturas y presiones elevadas da lugar a la formacién de un eutéctico liquido que
ocasionarfa aglomeracién del material en el lecho (Curran et al., 1967; Fuerstenau et al.,
1981; Paterson et al.,, 2001). Para el caso de la etapa C' que opera a presion atmosférica, la
mezcla de gas resultante tras el pre-reformado debe de ser expandida desde la presion ~16

bar a la que opera esta etapa de pre-reformado.

El material solido del lecho es una mezcla de sorbente calcico, de material de Cu y de
catalizador de Ni de reformado. Las caracteristicas del sorbente de CaO y del catalizador de
Ni asi como el ratio masico catalizador/sorbente fueron los mismos que se consideraron
para el modelo de la planta de SER descrito en la seccion 3.3.1.1. Para el material de Cu se
consideré una composicion de 65 %(en masa) de Cu (soportado sobre ALO; desde el
punto de vista de las propiedades de capacidad calorifica y peso molecular necesarias para
los balances de materia y energia del modelo), adecuada para este proceso debido al
reducido contenido en inerte. Como se ha visto en la literatura y posteriormente se
demuestra con el trabajo descrito en la seccion 3.3.2.5, es posible preparar materiales con
un elevado contenido en Cu como el considerado en este trabajo, con una elevada
estabilidad quimica y mecdnica con los ciclos de oxidacién/reducciéon (de Diego et al.,

2004).
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Para las condiciones escogidas en la etapa A (T, ,2=700°C y P=15 bar), y debido a que la
reaccion global en esta etapa es ligeramente exotérmica (suma de las reacciones 3.23, 3.24 y
3.25), se produce un aumento de la temperatura en el interior del lecho hasta alcanzar un

valor maximo (T, ,), que se encuentra en el rango de 760-780°C dependiendo del ratio

max,
S/C escogido. Debido a la velocidad relativa de los frentes de reaccién y de intercambio de
calor en esta etapa, el gas a la salida del reactor se encuentra a 700°C con un contenido en

H, correspondiente al equilibrio de la reaccién global a T mientras que el lecho de

max,A>

s6lido quedara dividido en dos zonas a diferente temperatura (T, s v T, 4)- Antes de que

max
comience la siguiente etapa del proceso, se introdujo una etapa de limpieza del lecho con
vapor a 700°C y 16 bar con el fin de evitar la combustién del H, retenido en el lecho y/o
evitar su emisién a la atmosfera con el gas a la salida de la siguiente etapa, que tendria un
efecto negativo en la produccion de H, global. Para reducir el impacto del uso de vapor en

el rendimiento global del proceso, el vapor a la salida de la etapa de limpieza se introduce

de nuevo al proceso a la entrada del reactor de pre-reformado adiabatico.

La siguiente etapa del proceso es la oxidacion del material de Cu que tiene lugar a la misma
presion total que la etapa A anterior para aprovechar la energfa del gas a la salida que no se
recircula a B' en un expansor y generar asi electricidad (nombrado como E en la figura
3.15). Para minimizar la calcinaciéon del CaCOj; en esta etapa, se consideré un valor de

T de 830°C correspondiente a un contenido de CO, en el equilibrio de 2.4 %vol. Para

max,B
conseguir limitar T, , a ese valor, la temperatura y la concentraciéon de O, en el gas
alimentado a esta etapa (corriente 3 en la figura 3.15) fueron ~200°C y 3.5 %vol. de O,,
respectivamente. La fraccién de gas a la salida de B que se recircula a B' para diluir el O, a
la entrada se calculé en cada caso con el balance de energia en esta etapa para conseguir
limitar el valor de T, 5 a 830°C, y result6 estar en torno a 0.85 en todos los casos (que
equivale a una recirculacion del 85 % del gas que abandona la etapa B). El gas recirculado a
la salida de B' se enfrio hasta ~200°C antes de ser impulsado de nuevo a la etapa B
mediante un ventilador. El aire a 15 bar proveniente del compresor (nombrado como D en
la figura 3.15) se encuentra a una temperatura en torno a 420°C, y se enfria hasta ~200°C
antes de introducirse a la etapa B. Al final de la etapa B' el lecho de sélidos se encuentra a
dos temperaturas distintas (T, \ y T,,..5). Antes de que comience la etapa de calcinacion,

se necesita una despresurizacion del lecho hasta presién atmosférica y una limpieza del

mismo empleando vapor a presion atmosférica y 700°C.
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Como ya se ha comentado anteriormente, en la etapa C del proceso de la figura 3.15 ocurre
la calcinacion del CaCO; formado en la etapa A simultineamente con la reducciéon del CuO
empleando como alimentacién la mezcla de CO/H, generada en la siguiente etapa C'. La
temperatura en esta etapa C se fij6 en 870°C (=T, ), para asegurar la calcinacion
completa del CaCO, manteniendo un margen de ~20°C sobre la temperatura de equilibrio,
de acuerdo con los resultados mostrados previamente en 3.2.3.3. A la etapa C' se aliment6
la mezcla de gas resultante tras el pre-reformado, una vez expandida hasta presion
atmosférica, junto con el gas rechazo de la unidad PSA en la que se purifica en H, obtenido
en la etapa A. De esta manera, al introducir el gas rechazo de la PSA en esta etapa C, se
evitan las emisiones de CO, asociadas al carbono contenido en este gas y se reduce la
cantidad de gas natural necesario en esta etapa C' para generar la mezcla de CO/H,
necesaria en la etapa C de calcinacién/reduccion. Sin embargo, el inconveniente de
introducir el gas rechazo de la PSA en la etapa C' es que no se consigue enfriar
completamente el lecho hasta 700°C para comenzar un nuevo ciclo, ya que este gas
contiene fundamentalmente H, que tnicamente se calienta hasta T, . a su paso por C'y
no retira calor del lecho como lo hace el CH,, que se convierte en CO e H, mediante la
reaccion de reformado (reaccion 3.23). Para eliminar la energfa sobrante en el lecho de
solidos tras C'y enfriarlo hasta 700°C, se introduce una ultima etapa (denominada A0 en la
Publicacion 11 correspondiente) en la que se alimenta una fracciéon del gas rico en H, a
700°C a la salida de A para terminar de enfriar el lecho hasta 700°C. La retirada de calor del
lecho en esta ultima etapa A0 se realiza fundamentalmente por intercambio de calor
sensible entre el gas que se calienta hasta T, . y el solido que se enfria hasta 700°C, aunque
hay una pequena fraccion de energia que se retira por el reformado de una fraccion del CH,

presente en el gas, que se ve favorecido por el calentamiento hasta T ElgasaT, ,cala

max,C*
salida de esta etapa se mezcla con el gas no recirculado a la salida de la etapa A para ser
enfriado y purificado en la unidad PSA. El sélido al final de esta etapa A0 a 700°C se

encuentra en las condiciones adecuadas para comenzar una nueva etapa A.

La unidad PSA de purificacién de H, opera a una presion en torno a 15 bar y 30°C, a la que
llega el gas rico en H, de la etapa A tras haber eliminado el vapor presente por
condensacion. En esta unidad PSA se recupera un 90 % del H, alimentado en forma de un
producto de alta pureza (99.999 %vol. de H,). Este producto se comprime hasta 29 bar

para ser exportado como producto de la planta.
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En este trabajo se disefié un sistema de aprovechamiento energético de los distintos flujos
de energfa disponibles de forma distribuida en el proceso, con el objetivo de calentar las
corrientes alimentadas a las distintas etapas y de generar el vapor a 250°C y 16 bar para
cubrir las necesidades de vapor en las distintas etapas del proceso. Con el fin de comparar
de una forma homogénea los resultados obtenidos con la planta de referencia descrita en
3.3.1.3, se consideré que el vapor en exceso que no se emplea en las etapas A y C' del
proceso de produccion de hidrégeno, se expande hasta 6 bar para ser empleado en el
proceso industrial en el que esta planta de producciéon de H, se encuentre instalada. Los

principales focos de energfa a alta temperatura disponibles en este proceso provienen de:

(1) la corriente rica en H, a la salida de la etapa de SER que se encuentra a una temperatura
ligeramente por encima de 700°C tras haber sido mezclada con el gas rico en H, a 870°C

(=T .0 procedente de la etapa A0,

(2) la corriente rica en N, a la salida de la etapa B' que se encuentra a T , (corriente 5 en

la figura 3.15) y que debe de enfriarse hasta 200°C para ser alimentada a la etapa B,

(3) la corriente rica en CO, a T, - que abandona la etapa C de calcinacién (corriente 13 en
la figura 3.15) y que debe de enfriarse hasta practicamente la temperatura ambiente para

condensar el vapor y ser introducida a la unidad CPU,

(4) la corriente de aire a la salida del compresor (corriente 7 en la figura 3.15), que se

encuentra a ~420°C y debe enfriase hasta 200°C para alimentarse a la etapa B,

(5) el gas de escape de la etapa de expansion del gas que no se recircula a la etapa B'
(nombrada como E en la figura 3.15), que se encuentra a 320-350°C y debe enfriarse antes

de ser expulsado a la atmosfera.

Segun el esquema de proceso propuesto en este trabajo, el consumo eléctrico en la planta
proviene de los compresores de H,, de CO, y del aire alimentado en la etapa de oxidacion,
asi como del ventilador necesario para alimentar el gas rico en N, a la etapa de oxidacion
procedente de la etapa intermedia B' de calentamiento. A pesar de que el disefio de dicho
esquema de proceso no esta orientado a la produccion de electricidad, se consideraron dos
etapas de expansion de gas que producen electricidad y disminuyen asi el consumo eléctrico
del proceso. Como ya se ha ido detallando a lo largo de la descripciéon del modelo, se

considerd la expansion del gas rico en N, que no se recircula a B' y la expansion de la
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mezcla de gas resultante tras el pre-reformado (desde 16 bar hasta presiéon atmosférica) que

se alimenta a la etapa C.

3.3.2.2. Principales resultados obtenidos. Comparacién con la planta de

referencia de produccién de hidrégeno

Teniendo en cuenta las condiciones de operacion escogidas en lo que respecta a Ty, y T,
en cada una de las etapas y a la cantidad de vapor alimentado en C' (que se calcul6 para un
ratio S/C de 1 en todos los casos), se observé que la maxima cantidad de vapor que era
posible generar permitia alcanzar un ratio S/C maximo de 4 en la etapa A del proceso de la
figura 3.15. Este valor miximo del ratio S/C representa uno de los limites del proceso ya
que se corresponde con aquellas condiciones de operacion en las que la conversion a H, es
maxima, y por tanto, el consumo de gas natural en el proceso minimo. En estas
condiciones de S/C maximo se obtuvo una producciéon de 3.4 moles de H, por mol de C
alimentado a la etapa A (en forma de CH,, CO y CO,), que se corresponde con un 93 % de
la maxima cantidad de H, que se produciria si todo el C presente en el gas natural
reaccionase irreversiblemente para formar CO e H,. Ademas, al emplear el gas rechazo de
la PSA como alimentacién en la etapa C', y evitar asi las emisiones a la atmésfera del C
contenido en este gas, se alcanzan eficacias globales de captura de CO, del 94 %, siendo el
CO, contenido en el gas rico en N, que se expande para producir electricidad las tnicas

emisiones de CO, de este proceso.

Con el fin de analizar la contribucién de cada uno de los focos de energia (1) a (5)
anteriores a la produccion global de vapor en el proceso a 250°C y 16 bar, se dibuja la curva
de recuperacion de energia vs. temperatura y se calcula el punto 'pinch' para cada uno de
estos focos calientes. Este analisis permite determinar qué condiciones de operacion
interesa optimizar para aumentar dicha produccién de vapor en el proceso. El punto 'pinch'
se corresponde con aquel punto en el cual la diferencia de temperatura entre el foco
caliente y el foco frio es minima. En la figura 3.16 se muestra la curva de recuperacién de
energia vs. temperatura para el foco de energia (1), correspondiente al enfriamiento de la
corriente rica en H, a la salida de la etapa A hasta aproximadamente 150°C antes de ser
introducida al condensadort, para un ratio S/C maximo de 4 en la etapa A. El punto '"pinch'
en esta curva se encuentra a la entrada del evaporador (indicado en la figura 3.10) y, por

tanto, determina la maxima cantidad de vapor que es posible producir a partir de ese foco
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caliente empleando la integracion energética propuesta en este trabajo. Se comprobd que
para los restantes focos de energia de (2) a (5) el punto 'pinch' se localizaba en el mismo
punto a la entrada del evaporador. Si se dispusiese de una mayor cantidad de liquido
saturado para su evaporacion (es decir, si aumentase la energia recuperada en el
economizador del ciclo que se encuentra a la derecha del punto 'pinch' en la figura 3.16) no
serfa posible evaporarlo ya que la curva correspondiente al evaporador cruzarfa la curva de
enfriamiento del foco caliente. La tnica forma de producir mas vapor serfa aumentando la
cantidad de energfa recuperada del foco caliente hasta el 'pinch', lo que es posible conseguir

aumentando la temperatura y/o el flujo masico de dicho foco caliente.
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Figura 3.16. Curva de recuperacién de energia vs temperatura para la corriente rica en Hs a la salida

de la etapa A operando con un ratio S/C maximo de 4

Calculando la energfa total recuperada hasta el punto 'pinch' para los focos de (1) a (5)
anteriores, se comprueba que aproximadamente el 70 % de esa energia se recupera de los
focos (1) y (2), es decir, de la corriente rica en H, a la salida de la etapa A y de la corriente
rica en N, a la salida de la etapa B', debido a la elevada temperatura y al elevado flujo
masico de estas corrientes. La menor cantidad de energia (~3 % del total) se recupera de
(5), es decir del gas a la salida del expansor, lo que significa que un aumento en la
temperatura del gas enviado a ese expansor (T, ) no supondria un aumento importante
del vapor generado en el proceso. Sin embargo, la electricidad generada en este expansor es
importante y en la mayorfa de los casos mayor que el consumo del compresor de aire. Por
lo que es importante trabajar con un valor de T,  intermedio, adecuado desde el punto de

vista de produccion eléctrica y de emisiones de CO, a la atmosfera. La energia asociada a
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(3) representa el 20 % del total de energia recuperada por lo que un aumento de T

max,C

favoreceria la produccién de vapor en el proceso. Sin embargo, un aumento T, .

implicarfa una mayor necesidad de Cu en el sistema para alcanzar esa mayor temperatura, lo

que traeria asociado un mayor coste.

Para las condiciones de operacién escogidas (T, T, v ratio S/C en C), la tnica de las

gin>
variables que fue posible modificar para estudiar el efecto en la conversién a H, es el ratio
S/C en la etapa A. En la tabla 3.6 se muestran los resultados obtenidos en el modelo de
simulacion para dos valores diferentes del rato S/C en la etapa A (3 y 4). El
funcionamiento de la planta se analizé empleando los mismos indices que en el caso de la
planta basada en el proceso SER, cuya descripcion y calculo se ha incluido en la seccion
3.3.1.2 anterior. Analogamente a lo que se hizo en el anterior trabajo, los resultados
obtenidos se comparan con los obtenidos en la planta de referencia de produccién de
hidrégeno mediante reformado catalitico convencional de gas natural que ya ha sido
descrita en la seccién 3.3.1.3. Los resultados obtenidos para esta planta de referencia ya

fueron indicados en la tabla 3.5 anterior, pero se incluyen de nuevo en la tabla 3.6 para

facilitar la comparativa con el proceso basado en la combinacién de los ciclos CaO/CaCO,

y Cu/CuO.
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Tabla 3.6. Comparacién de los resultados obtenidos en este trabajo para diferentes valores del ratio
S/C en la etapa A del proceso de la figura 3.15 y para la planta de referencia con y sin captura de
COz descrita en la seccion 3.3.1.3. La ziltima columna de la tabla resume los resultados obtenidos para el ‘caso
optimizado”

Reformado Reformado
. . Reformado basado en la
convencional convencional . ., :
in s | can e combinacion de los ciclos
de CO, de CO, de CaO/CaCO;3y Cu/CuO
Temperatura del
reformado/ Tama (°C) 890 890 776 763 766
Ratio 8/C en el reactor de 2.70 4,00 400 | 300 | 3.00
reformado/etapa A
Consumo gas natural (MW) 121.94 130.79 112.87 117.39 | 113.56
Produccion eléctrica neta, W
’ 2.39 0.34 -4.69 -4.41 -4.10
(MW)
Energia térmica exportada, Qwm
’ 8.62 4.06 0.92 7.54 4.33
(MW)
Consumo equivalente gas
pataral (M) 108.27 125.69 119.88 | 116.61 | 11578
Produccién global H; (moles
N L 2.46 2.29 2.63 2.53 2.62
N2 (Yo) 73.98 68.78 79.12 76.05 78.63
NegH2 (Y0) 83.33 71.57 74.49 76.56 77.13
CCR (%) - 84.92 94.15 93.17 93.05
CCReq (%) - 88.37 88.65 94.34 91.27
E (gCO2/MJ] Hy) 77.02 12.49 4.21 4.71 5.03
Eeq (CO2/M] Hy) 68.39 9.26 8.69 4.21 6.45
SPECCA M]/kg CO») - 3.33 2.38 1.65 1.56
Ratio molar Cu/CaO = = 1.58 1.64 1.61

La modificacién del ratio S/C en la etapa A del proceso basado en los ciclos de Ca/Cu
tiene un efecto inmediato en el consumo de gas natural del proceso, debido al efecto de
dicho vapor sobre la conversion a H, en esta etapa. Al aumentar el ratio S/C de 3 a 4, el
consumo de gas natural disminuye de 117.4 MW a 112.9 MW ya que la conversion de CH,
a H, se ve favorecida, aumentando de 80 % a 90 %. En cualquier caso, este consumo de
gas natural es notablemente inferior (entre un 10 y un 14 %) que el consumo de gas natural
en la planta de referencia con y sin captura de CO,, debido al efecto positivo de la captura
in sitn de CO, con CaO en el equilibrio de las reacciones de reformado y de WGS. Este
hecho, se traduce en un valor de 7, mas elevado para este proceso basado en los ciclos de
Ca/Cu. Para el caso de S/C de 3 el valor de 7, obtenido fue 76 %, 7 puntos porcentuales
por encima del valor de 7, obtenido para la planta de referencia con captura de CO, con
aminas. Esta diferencia con la planta de referencia aumenta hasta 10 puntos porcentuales
cuando aumenta el ratio S/C a 4. Con respecto de 71, 12 variacion con el ratio S/C es

justo la contraria a la observada para 7,,, obteniéndose mayores valores de 7., al
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disminuir el ratio S/C debido al efecto positivo de una mayor energia térmica exportada
(Qg)- Las diferencias con respecto de la planta de referencia en términos de 7., son
menores que las observadas para 7, De acuerdo con los resultados de la tabla 3.6, 1.
pata el proceso basado en los ciclos de Ca/Cu es entre 3 y 5 puntos porcentuales mayor
que el 7,1, obtenido para la planta de referencia con captura de CO,. Ademis, la eficacia
de captura de CO, global para el proceso basado en los ciclos de Ca/Cu es supetior al 93 %
en los dos casos, debido al uso del gas rechazo de la PSA como alimentacién en la etapa C'
del proceso, que es notablemente superior al valor de eficacia de captura para la planta de

referencia (85 %).

Analizando los consumos eléctricos del compresor de aire obtenido en ambos casos para el
proceso basado en los ciclos de Ca/Cu, se obsetvé que dicho consumo (5.8-6.5 MW)
representaba la mitad del consumo eléctrico total en la planta. En vista a las condiciones de
operacion escogidas en el modelo, se abordé una optimizaciéon de algunos de los
parametros de operacion del proceso como el catalizador de reformado, la temperatura
maxima permitida en la etapa de oxidaciéon del Cu (T, ), o las velocidades superficiales
del gas a su paso por las etapas de oxidacién y de calentamiento B', que influyen en el
consumo de auxiliares del proceso. En concreto, se sustituyo el catalizador de Ni por uno
de Pt, mucho mas activo, que no se oxida y reduce en el proceso, y que permite trabajar
con una menor cantidad de catalizador en el proceso (0.15 g de catalizador/g de CaO en el

sorbente) (Fernandez et al., 2012a). Se increment6 el valor de T, hasta 840°C con el fin

max,B

de reducir la cantidad de Cu necesaria en el lecho de material para alcanzar T durante la

max,C
etapa C del proceso. Esta reduccion de la cantidad de Cu en el lecho implica una menor
necesidad de O, para la oxidacién y, en definitiva, un menor consumo del compresor de
aire. Por dltimo, se redujeron las velocidades supetficiales del gas en las etapas B y B' (hasta
~1 m/s, con respecto de los valores iniciales de 1.5-2 m/s) con el fin de disminuir la
pérdida de carga del gas a su paso por estas etapas, y por tanto reducir el consumo eléctrico
del ventilador que impulsa el gas recirculado de nuevo a la etapa B. Manteniendo los
restantes parametros de operacion igual a los valores descritos en 3.3.2.1 para un ratio S/C
de 3 en la etapa A, se obtuvieron los resultados que se muestran en la ultima de las
columnas de la tabla 3.6. A la vista de estos resultados, se observa una ligera reduccién en
el consumo eléctrico de la planta debido a la disminucién del consumo del compresor de

aire y del ventilador, que se traduce en un incremento de 7y, hasta 77.1 %. En lo que

respecta a 1), se observa un incremento algo mayor debido a la disminucién en el
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consumo de gas natural en el proceso asociada a un menor consumo de energia en la etapa
C, y por tanto, un menor consumo de gas natural en la etapa C. Estas mejoras en los
resultados obtenidos demuestran el potencial de mejora que todavia muestra este proceso
de produccién de H, basado en los ciclos de Ca/Cu si se empleasen materiales con un
menor contenido en inerte, catalizadores mas activos que permitan reducir la cantidad de
catalizador necesaria o se modificasen las maximas temperaturas permitidas en cada etapa
del proceso. Este hecho evidencia la necesidad de una mayor investigacion acerca de los
materiales involucrados en este proceso, con el objetivo de encontrar materiales con un
mayor contenido en fase activa (CaO 6 CuO) o catalizadores de reformado mas activos,
que presenten una gran estabilidad quimica y mecanica en las condiciones a las que necesita

operar este proceso, y que permitirfan mejorar los resultados obtenidos.

St se comparan los resultados mostrados en la tabla 3.6 para el proceso basado en los ciclos
de Ca/Cu con los que se obtuvieron para el proceso de reformado con captura i situ de
CO, con CaO que se mostraron en la tabla 3.5, se comprueba que, en lo que respecta a
Tegr2 NO €Xiste una ventaja clara de un proceso sobre el otro. En ambos casos se tienen las
mismas reacciones involucradas en la etapa de produccién de H,, aunque operando a
presion atmosférica para el caso del proceso SER en dos reactores de lecho fluidizado
conectados entre si, lo que se traduce en un 7, ligeramente superior para este Gltimo caso
(83.7 % vs. 78.6 %). No obstante, la operacién a presiéon atmosférica lleva asociado un
mayor consumo eléctrico de compresion del H, obtenido y, en definitiva, un mayor
consumo eléctrico del proceso, lo que se refleja en un valor de 7, similar en ambos
casos. Las emisiones especificas de CO, son ligeramente superiores para el caso del proceso
basado en los ciclos Ca/Cu debido a las emisiones de CO, que se producen en la etapa B
de oxidacién. Sin embargo, a modo de comparativa global, valores similares de SPECCA
resultan en ambos casos (1.6-1.8 MJ/kg CO,), por lo que el consumo de energia especifico
por unidad de CO, evitado sera similar en ambos procesos. El analisis econémico que
evalte la viabilidad de ambos procesos en comparacion con otros procesos comerciales de
produccién de H, constituye un aspecto importante en la comparativa de ambos procesos,
y es otro aspecto fundamental a tener en cuenta ya que determinara el coste productivo

final del H, producido.
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3.3.2.3. Esquema de proceso para la producciéon exclusiva de electricidad.

Descripcion del modelo de simulacién desarrollado.

En la configuracién para produccion exclusiva de electricidad, el proceso de producciéon de
hidrégeno basado en la combinacion de los ciclos de Ca/Cu mostrado en la figura 3.15 se
integré con un ciclo combinado de gas natural (CCGN), constituido por un ciclo de
potencia de turbina de gas y otro de turbina de vapor. La integracién del proceso de
produccion del hidrégeno y el CCGN precisé de una modificacion de los parametros de
operacion de la turbina de gas para poder emplear la corriente rica en hidrégeno como
combustible en lugar de gas natural (Chiesa et al., 2005). Un aspecto comun en la
integracién de este tipo de sistemas consiste en realizar una extraccion de vapor de media
presion de la turbina para alimentarlo posteriormente en el reactor de reformado y producir
el hidrégeno que se usa como combustible. Sin embargo, debido a las caracteristicas
intrinsecas del proceso basado en los ciclos de CaO/CaCO; y de Cu/CuO, fue necesatio
realizar dos extracciones del ciclo de vapor: una extracciéon de vapor de media presion para
llevar a cabo el reformado en la etapa A y otra extraccion de vapor de baja presion para
alimentar la etapa C'. Ademas, una parte del aire comprimido necesario en la etapa B de
oxidaciéon del Cu proviene del compresor de aire de la turbina de gas. De esta forma, los
parametros para el funcionamiento optimo de la turbina de gas (en lo referente a las
presiones a la salida del compresor y del combustible inyectado en la camara de
combustién) condicionan los parametros de operacion de las etapas A y B del proceso de
produccion de hidrogeno, ya que ambas etapas se encuentran directamente integradas con

los distintos componentes de la turbina de gas.

Como ya se ha adelantado anteriormente, este trabajo constituy6 el primer disefio de una
CT de CCGN con captura de CO, en pre-combustién utilizando este proceso basado en
los ciclos de Ca/Cu, y el principal objetivo fue proponer un disefio preliminar de dicha CT.
Por ello, se hicieron simplificaciones en el proceso en relacion al combustible utilizado, que
se consider6 CH, en vez de gas natural (prescindiendo asi de las etapas de desulfuracion y
pre-reformado anteriormente consideradas), y a la pérdida de carga en el sistema que se
consideré nula en los distintos intercambiadores de calor. Ademas, no se consideraron
etapas intermedias de limpieza entre las etapas A y B y entre B' y C, aunque
experimentalmente estas etapas si resultarfan necesarias. En cuanto al material del lecho, se

consider6 una mezcla de sorbente calcico, material de Cu y catalizador de Ni de reformado,
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con la misma composicién y con el mismo ratio catalizador/sorbente que los descritos en

33.1.1y3.3.2.1.

Las especificaciones para la turbina de gas del ciclo combinado considerada en el modelo
de simulacién se tomaron del modelo 9FB de General Electric, que trabaja con una
relaciéon de compresion de 18.3, una sobrepresion para el combustible del 20 % en la
camara de combustién, una temperatura a la salida de la camara de combustion de 1454°C
y una temperatura a la entrada de la turbina de 1360°C (Romano et al., 2010). De acuerdo
con estas especificaciones, se consider6 que la etapa A del proceso debia operar en torno a
22 bar y la etapa B, a la que se introduce una fraccioén del aire del compresor de la turbina
de gas, en torno a 183 bar. Se consideraron unos valores de temperatura del gas
alimentado a las etapas A y B de 650°C (T, ,) y 150°C (T, ), respectivamente. El ratio
S/C en la mezcla de CH, y vapor alimentado en la etapa A fue una variable de estudio y se
modificé entre 3 y 5. Analogamente, el maximo valor permitido en la oxidacion del Cu

(T e p) se modifico en un rango de 830-870°C.

Como ya se ha comentado, una parte del aire comprimido necesario en la etapa B de
oxidacién del Cu proviene del compresor de aire de la turbina de gas. Existe un maximo
valor del porcentaje de aire que puede extraerse del compresor de aire de esta turbina sin
afectar de forma notable al funcionamiento y los perfiles de temperatura en la turbina de
gas. Este porcentaje se encuentra en torno al 12-13 % de acuerdo con otros trabajos
publicados en la literatura sobre CCGN con captura de CO, en pre-combustion (Bolland
and Undrum, 2003; Nord et al., 2009; Romano et al., 2010). Segtn los balances de materia y
energia para el proceso basado en los ciclos de Ca/Cu serfa necesatio extraer un 18-20 %
del aire del compresor para satisfacer la demanda de O, en la etapa B del proceso. Por
tanto, se introdujo un compresor de aire auxiliar para cubrir la necesidad de O, en la etapa
B sin afectar al funcionamiento de la turbina de gas, de la que se extrajo un 12 % del aire
del compresor. El aire a la salida de ambos compresores se encuentra a una temperatura en
torno a 420°C y necesita ser enfriado hasta 150°C para ser alimentado a la etapa B del

proceso.

Para las etapas C y C' del proceso de produccion de H, que operan a presion atmostérica, el

maximo valor permitido de temperatura (T, ) se modifico entre 850 y 870°C. Para
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asegurar la calcinacién completa en estos casos, teniendo en cuenta el margen de presion
parcial de CO, con el equilibrio necesario, de acuerdo con los resultados mostrados
previamente en 3.2.3.3, fue necesatio modificar el ratio S/C en la mezcla CH, y vapor
alimentada a la etapa C' (T, -=650°C). Para T, -=870°C se considerd un valor de 1.5 para

i max,C~

el ratio S/C en la etapa C', mientras que para T, =850°C fue necesario aumentar el ratio

max,C
S/C hasta 2 para conseguir reducir la presion parcial de CO, en Cy asi poder asegurar una
diferencia suficiente con el valor de presion parcial de CO, segun el equilibrio a 850°C para

calcinar completamente el CaCO;.

El gas rico en H, (50-65 %vol. de H,) que se obtiene a 650°C de la etapa A se enfri6 hasta
300°C para ser introducido en la camara de combustion de la turbina de gas junto con el
aire comprimido proveniente del compresor. Con el fin de evitar que se alcancen
temperaturas elevadas en el interior de la turbina de gas como consecuencia de operar con
un alto contenido en vapor en el gas de combustién, se modificaron algunos de los
parametros de operacién de la turbina de gas. Se redujeron tanto la temperatura a la salida
del combustor como la temperatura a la entrada de la turbina hasta unos valores de 1433 y
1345°C, respectivamente, de acuerdo con Romano et al. (2010). El gas exhausto de la
turbina de gas, a una temperatura en torno a 620°C, se introduce en la caldera de
recuperacion de calor para generar vapor a 565°C y 125 bar, que genera electricidad en la
turbina de vapor del ciclo combinado. El gas de combustion a la salida de la caldera de
recuperacion se encuentra a 90-110°C y se expulsa a la atmosfera a través de la chimenea.

El contenido en CO, de este gas de combustion fue inferior al 1 %vol. en todos los casos.

La existencia de los focos de energia puntuales a alta temperatura citados de (1) a (5) en la
seccion 3.3.2.1 anterior permitié disefiar un sistema de aprovechamiento energético. El
principal objetivo de esta recuperacién de energia fue calentar las corrientes alimentadas a

=326.8°C) que se

sat

las distintas etapas del proceso y generar vapor saturado a 125 bar (T
introduce en el sobrecalentador de la caldera de recuperacion del ciclo combinado, junto
con el restante vapor producido en el interior de dicha caldera al recuperar la energia del
gas exhausto de la turbina de gas. La produccién de vapor externa a la caldera de
recuperacion del ciclo combinado puede afectar al disefio de dicha caldera (Nord and
Bolland, 2011). Se realiz6 un analisis sobre el disefio mas adecuado para esta caldera de

recuperacion de energia, que finalmente consistié en tres niveles de presion (125/22/4 bat)
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para maximizar la recuperacion de calor y generar la maxima cantidad de vapor posible. La
presion intermedia de 22 bar se escogio para poder realizar una extracciéon de vapor de la
turbina tras el primer cuerpo de expansion y satisfacer asf la demanda de vapor en la etapa
A del proceso de produccién de H,. La cantidad de vapor necesaria en la etapa C' proviene

de una extraccién a 1.7 bar de las ultimas etapas de expansion de la turbina de vapor.

En la figura 3.17 se representa esquematicamente la integracion del proceso de produccion
de H, basado en los ciclos de Ca/Cu con los distintos componentes del CCGN (la turbina
de gas, la caldera de recuperaciéon y la turbina de vapor). Se puede observar que la
integracién del ciclo combinado con el proceso de produccion de H, se realiza a través de
la corriente rica en H, que constituye el combustible de la turbina de gas, el aire
comprimido proveniente del compresor de la turbina de gas que se emplea en la oxidacion
del Cu en la etapa B del proceso, las extracciones de vapor a 22 y 1.7 bar de la turbina de
vapor del ciclo combinado que se introducen en las etapas A y C' del proceso,
respectivamente, y el vapor generado gracias a la recuperacion de energia de los focos
puntuales de energfa disponibles en el proceso que se introduce en la caldera de
recuperacion del ciclo combinado. Por simplicidad en la figura 3.17 no se detalla la
integracién energética propuesta, que se describe detalladamente en la Publicacion 111

correspondiente a este trabajo.
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FProceso de produccidn de Hz mediante ciclos Ca/lu
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Figura 3.17. Representacion esquematica de la integracién del CCGN con el proceso de

produccién de H; basado en la combinacion de los ciclos de CaO/CaCO3 y Cu/CuO

3.3.2.4. Principales resultados obtenidos. Comparaciéon con otros procesos de

produccion de hidrégeno integrados con CCGN.

Los resultados obtenidos de la integraciéon del proceso de produccion de H, con los
distintos componentes del CCGN se analizaron en base a la eficiencia eléctrica del proceso,
y a las emisiones especificas de CO, y la eficacia global de captura de CO.,. La eficiencia
neta del proceso se calcul6 de acuerdo con la expresion 3.38 que relaciona la producciéon
eléctrica neta del proceso con la potencia térmica asociada al consumo total de combustible
(CH, en este caso), referida al PCI:

WTG + WTV + WexpB - Wcomp.z_ire - WcompACOZ - Waux

Noeta = - (3.38)

comb

Wi v Wry es la produccion eléctrica neta del ciclo de turbina de gas y del ciclo de turbina

de vapor, respectivamente, descontando el consumo de auxiliares en ambos ciclos. W,

expB €s

la potencia generada al expandir el gas obtenido en la etapa B que no se recircula a B', y
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W,

compresor de CO, y auxiliares (bombas y ventilador que impulsa el gas de B' a B).

compaires Weompcoz ¥ W, son los consumos eléctricos del compresor auxiliar de aire,

Como ya se ha comentado a lo largo de la descripcién del modelo de simulacion

desarrollado, se analizé el efecto del ratio S/C en la etapa A (3 y 5) y de las temperaturas

Tus (830, 850 y 870°C) y T

max,C

(850 y 870°C) en los distintos términos de la expresion

3.38 y en las emisiones de CO, con el fin de determinar aquellas condiciones de operacion

mas adecuadas para el funcionamiento del proceso. De todos los casos estudiados se

seleccionan los 8 que aparecen en la tabla 3.7 para estudiar el efecto de los distintos

parametros. En todos los casos se considerd una alimentaciéon de 10 kg/s de CH, en la

etapa A del proceso. Ademas en esta tabla se incluyen los resultados obtenidos en un

CCGN sin captura de CO, basado en una turbina de gas cuyos parametros de operacion

son los de la turbina 9FB de General Electric, considerada en el disefio del CCGN

integrado con el proceso basado en los ciclos de Ca/Cu. La simulacién de este CCGN sin

captura de CO, result6é en un rendimiento eléctrico del 58.8 % y unas emisiones de 351.3

gCO,/kWh. Este caso representa la opcién comercial mas eficiente en la actualidad para

producir electricidad a partir de gas natural.

Tabla 3.7. Resultados obtenidos para distintas condiciones de operacién en el proceso de
produccién de Hs integrado con el CCGN y para el CCGN sin captura de CO»

CCGN
Sl CCGN integrado con el proceso basado en los ciclos de Ca/Cu
captura
CO,

S/Cetapa A

Tinaxs = 830°C | 830°C | 850°C | 850°C | 830°C | 830°C | 850°C | 850°C
Tinaxc -- 870°C | 850°C | 870°C | 850°C | 870°C | 850°C | 870°C | 850°C
Wre (MW) 196.4 260.5 | 2604 | 2604 | 2604 | 2419 | 2419 | 2419 | 2419
Wy 111.9 108.3 | 1074 | 106.9 | 106.7 | 1183 | 117.8 | 117.7 | 117.2
Wexp B = 34.4 33.4 34.9 33.8 30.6 29.5 30.9 29.9
Weompaire = 10.9 9.8 10.5 9.4 4.8 3.7 4.4 3.3
Weentilador -- 3.1 3.0 3.0 2.9 2.8 2.8 2.8 2.7
Woaux -- 0.8 0.8 0.8 0.8 0.7 0.7 0.7 0.7
Weomp.coz = 14.1 13.7 13.6 13.6 12.4 12.3 12.3 12.3
Wheta 308.3 3743 | 3739 | 3743 | 3742 | 370.1 | 369.7 | 370.3 | 370.0
Heomb (PCI) 524.3 7653 | 737.7 | 7621 | 737.7 | 7514 | 7259 | 7514 | 7259
Nneta (Y0) 58.80 48.9 50.7 49.1 50.7 49.2 50.9 49.3 51.0
Penaliz.(%op.) -- 9.9 8.1 9.7 8.1 9.6 7.9 9.5. 7.8
CCR (%) -- 89.0 90.1 86.6 89.2 80.2 82.2 79.3 81.9

CO;
gmitidos/k\)(/h 351.3 40.5 40.1 46.0 43.6 78.5 78.1 83.3 82.8
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En lo que respecta al efecto del ratio S/C en la etapa A para los diferentes casos escogidos
en la tabla 3.7, se puede observar que la cantidad de vapor introducida en la etapa SER
influye considerablemente en la produccion eléctrica de la turbina de gas del CCGN, ya que
determina las caracteristicas del gas de combustion a expandir en dicha turbina. Cuanto
mayor es el ratio S/C en la etapa A basada en el proceso SER, mayor es el flujo mésico y el
contenido en H, del gas obtenido y, por tanto, mayor el contenido en vapor en el gas de
combustion expandido en la turbina de gas. La presencia de un mayor contenido de vapor
en el gas de combustién implica una mayor diferencia de entalpfa en la expansién de dicho
gas en la turbina hasta una presién cercana a la atmosférica, y en definitiva una mayor
potencia generada en dicha expansion. Por tanto, a mayor ratio S/C en la etapa A, mayor
electricidad se produce en el ciclo de turbina de gas. Sin embargo, un aumento de la
cantidad de vapor alimentada a la etapa A tiene un efecto negativo en la produccion
eléctrica de la turbina de vapor, que disminuye al aumentar el ratio S/C ya que dicho vapor
alimentado en la etapa A proviene de una extraccion a media presion de la turbina. Con
respecto a los principales consumos eléctricos del proceso (We,m,com Weompaire ¥ Wentitado
también se obsetva un aumento de los mismos con el ratio S/C en la etapa A, lo que
provoca que la potencia neta generada en el proceso (W,.,) permanezca aproximadamente
constante para aquellos casos con distinto ratio S/C en la etapa A, y que sea el consumo de
combustible en el proceso (H,,,,,) el factor determinante en la eficiencia obtenida en estos
casos. Al aumentar el ratio S/C en la etapa A del proceso, la conversiéon de CH, a H,
aumenta generando una mayor cantidad de CO, que favorece la formacion de CaCO, vy,
por tanto, una mayor cantidad de Cu en el proceso para cumplir el balance de energfa en la
etapa de C de calcinacion/reduccion. Por tanto, al aumentar el ratio S/C en la etapa A,
mayor es la cantidad de material de Cu necesaria en el sistema y mayor el consumo de O, y
de combustible en las etapas B y C' del proceso, aumentando W ,.ue ¥ Weompcon
respectivamente. El consumo de combustible en la etapa C' del proceso, ligado a la
cantidad de Cu en el sistema, es el parametro que determina las diferencias en 7,.,. A la

vista de los resultados de la tabla 3.7, manteniendo T, 5 v T,,,.c constantes, un incremento

max,
en el ratio S/C en A se traduce en un ligero aumento en H_ , y un valor de 7.,
ligeramente infetior en relacion al caso correspondiente con menor ratio S/C. No obstante,
en lo que respecta a las emisiones de CO,, mayores valores del ratio S/C implican una

mayor formacion de CaCOj en el proceso, y por tanto una mayor eficacia global de captura

de CO, y unas menores emisiones especificas.

139



Con respecto a T su aumento implica una mayor necesidad de Cu en el proceso para

max,C>

calentar el material hasta dicha temperatura y, por tanto, en un mayor consumo de

combustible en la etapa C' para reducir dicho material de Cu, es decir, en un mayor H
P P Y

comb*

Desde el punto de vista de los consumos eléctricos en el proceso, un aumento de T

max,C

implica un aumento en el consumo tanto del compresor de aire, por la mayor necesidad de
O, en la etapa B, como del compresor de CO,, por el mayor consumo de combustible en la
etapa C' que se traduce en la formacién de CO, en la etapa C. Ambos efectos provocan una
disminucién de 7,.,,, siendo su efecto en las emisiones especificas de CO, despreciable, tal y
como se comprueba en los resultados de la tabla 3.7. Por tanto, en vista de estos efectos,

interesa operar con el menor valor posible de T, . con el fin de reducir H_, y mejorar el

max comb

valor de 7,,, obtenido.

Por ultimo, en lo que respecta al efecto de T se puede observar a partir de los

max,B»
resultados mostrados en la tabla 3.7, que su influencia en W, es minima y, por tanto, su
efecto en 7, también es despreciable. Sin embargo, desde el punto de vista de las

emisiones de CO, en el proceso, es importante trabajar con el menor valor de T, 5 para

max,B

minimizar la calcinaciéon de CaCOj; durante la etapa B y aumentar asi la eficacia global de

Captura.

A la vista de los resultados obtenidos en este analisis, se observa que el maximo valor de

Noew €8 51 %0, correspondiente a un ratio S/C de 3yaun valorde T, 5y T de 850°C.

max,C
Sin embargo, para estas condiciones de operacion, las emisiones especificas de CO, son
elevadas (~83 gCO, emitidos/kWh) debido a que no se opera con el menor valor de T, 5
que minimizaria las emisiones de CO, durante la oxidacién del Cu. Con el fin de optimizar
el funcionamiento del proceso desde el punto de vista de produccion de electricidad y de
emisiones de CO,, se escogen las condiciones de operaciéon correspondientes a un ratio
S/Cde5enlactapa A,y To5 ¥ Thac
cuales 7,., es 50.7 %, CCR del 90.1 % vy las emisiones especificas de CO, 40.1 gCO,

emitidos/kWh.

iguales a 830°C y 850°C, respectivamente, para las

Si se comparan con los resultados obtenidos para un CCGN sin captura de CO, incluidos

en la tabla 3.7, se observa que la produccion eléctrica en la turbina de gas es notablemente
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supetior para el CCGN integrado con el proceso basado en los ciclos de Ca/Cu, debido a
que el gas de combustion expandido en la turbina de gas tiene un mayor flujo masico y un
mayor contenido en vapor que en el CCGN sin captura de CO,. Ademas, a pesar de la
extraccion de vapor para la etapa A del proceso, se observa que la produccion eléctrica de
la turbina de vapor es similar a la del CCGN sin captura de CO,, ya que la mitad del vapor
a 125 bar expandido en esta turbina, que se extrae a 22 bar para su uso en la etapa A del
proceso, se genera gracias a la energfa recuperada de los focos (1)-(5). La influencia del
vapor introducido en la etapa C' no es tan importante ya que la cantidad de vapor necesaria
en esta etapa es bastante inferior al necesario en la etapa A y su presiéon es cercana a la
atmosférica, por lo que su extraccion se realiza en las ultimas etapas de expansion de la
turbina de vapor. Otra diferencia fundamental entre ambos casos se encuentra en el
consumo del compresor de aire, de CO, y auxiliares presentes en el proceso basado en los
ciclos de Ca/Cu que disminuyen notablemente la produccion eléctrica neta y que no se
encuentran en el CCGN sin captura de CO,. Estos factores, unidos al consumo de
combustible en la etapa C’ que no genera un gas a alta presion y temperatura que pueda ser
aprovechado en la turbina para generar potencia adicional, hacen que 7,.,, sea menor en el
CCGN integrado con el proceso basado en los ciclos de Ca/Cu. Para el caso escogido
como optimo, se obtiene una diferencia de 7, de 8 puntos aunque consiguiendo reducir

las emisiones de CO, notablemente en mas de un 88 %.

Finalmente, se realiza una comparacién de los resultados obtenidos en este trabajo con los
publicados en la literatura para la integracion en un CCGN de otros procesos de
produccién de hidrégeno como el SMR, la oxidacién parcial o el reformado autotérmico.
Los resultados empleados para esta comparativa son los que se recogen en la tabla 3.8.
Debido a las diferencias en los parametros empleados en el CCGN en cada trabajo, la
comparativa se realiza en base a la penalizacion energética reportada en cada caso. Ademas
en dicha tabla, se incluyen otros parametros como la eficiencia de captura de CO, y las
emisiones especificas. De acuerdo con los resultados mostrados en esta tabla, se
comprueba que la integracién del proceso basado en los ciclos de Ca/Cu resulta en una
penalizaciéon energética similar a la reportada en la literatura para el proceso SER vy el
proceso SEWGS (~ 8 puntos de penalizacién). Procesos alternativos como la oxidacion
parcial o el reformado autotérmico, que operan a mayor temperatura y con menor ratio
S/C que los procesos basados en el proceso SER y que permiten maximizar la energia

recuperada en el proceso y la potencia eléctrica generada en el ciclo combinado, presentan
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una penalizacion energética similar a la del resto de procesos incluidos en la tabla 3.8. En
estos casos, la separacion del CO, se lleva a cabo mediante absorcién quimica con aminas
que implica un importante consumo energético en la etapa de regeneraciéon y penaliza
notablemente el rendimiento global del proceso. El proceso convencional de reformado de
gas natural presenta la mayor de las penalizaciones energéticas debido al mayor consumo de

vapor y de combustible en el proceso.

A la vista los resultados de penalizacion energética reportados en la tabla 3.8, la integracion
de un CCGN con el proceso basado en los ciclos Ca/Cu representa una de las opciones de
produccion eléctrica mediante ciclo combinado con bajas emisiones de CO, que menor
penalizacién energética supondria con respecto de la opciéon de CCGN sin captura de CO,,.
Un estudio detallado que tenga en cuenta aspectos relativos a la operaciéon del proceso, al
disefio y coste de los reactores y de los equipos necesarios, asi como los costes de
produccion eléctrica en cada caso determinara las ventajas de un proceso de producciéon de
hidrégeno sobre otro. No obstante, el proceso basado en los ciclos de Ca/Cu cuenta con
ventajas inherentes asociadas al disefio mas simplificado de los reactores, materiales de
construccion de menor coste, menor numero de etapas de proceso (ausencia de los
reactores WGS y de la unidad de separaciéon de CO,), simplificaciéon de la unidad de
purificaciéon de hidrégeno y condiciones mas suaves de reaccion que el resto de procesos
de producciéon de hidrégeno considerados. Estas ventajas permiten considerar a este
proceso como una tecnologia de produccion de hidrégeno con gran potencial de aplicacion
y desarrollo, que necesita de un gran trabajo de investigaciéon en lo que respecta a los
materiales implicados en el proceso y a los aspectos derivados de la operacién de un

sistema de reactores de lecho fijo en paralelo.
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Tabla 3.8. Comparacién de los resultados obtenidos en este trabajo con los publicados en la literatura para otros procesos de produccion de hidrégeno integrados
con un CCGN

Tecnologias de produccion de hidrogeno

Reformado Reformado Oxidaciéon Reformado SEWGSIY
basado en autotérmico de  parcial de gas convencional de
ciclos Ca/Cu gas naturall naturall gas natural™l
1.5-2 0.95 2.9 1.1 4.5
650 900-1050 980 700 950°C 700°C
- Aire Aire - Aire
No Si (adiabatico) No No No No
Inherente Inherent
Inherente (CaO) | DEA 6 MDEA DEA DEA (hidrotalcita- pacrente
(CaO)
K>CO»)
90.1 83.0-91.6 85.2 84.6 95.1 88.0
50.7 47.4-50.6 48.5 46.1 50.0 50.2
8.1 7.9-14.0 7.6 10.0 8.3 8.4
40.1 33.2-60.4 40.9 43.4 17.1 49.2

I'El rango de valores se debe a que los resultados estin tomados de vatios trabajos (Kvamsdal et al. (2000), Notd et al. (2009), Romano et al. (2010)). La Publicacion
111 describe los resultados de estos trabajos por separado

I'Lozza and Chiesa (2002a)

W T,0zza and Chiesa (2002b)

V' Manzolini et al. (2011)

V' Romano et al. (2011)
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3.3.2.5. Preparacion, caracterizacion y estudio de la cinética de reducciéon de un

material de cobre

Por dltimo en esta memoria se muestra la preparacion y caracterizaciéon de un sélido de Cu
adecuado para su aplicacién en el proceso de produccién de H, mediante los ciclos de
CaO/CaCO, y de Cu/CuO. De acuerdo con las caracteristicas de este proceso, el material
de Cu empleado debe de cumplir una serie de requisitos en lo que respecta a su estabilidad
quimica y mecanica con los ciclos de oxidacién/reduccion (operacién en lecho fijo, por lo
que el reemplazo de material desactivado es mas dificil y costoso), y a la necesidad de
contener la minima cantidad de inerte para reducir el tamafio de los reactores y reducir el
consumo de energfa asociado al calentamiento de material inerte en el proceso (Fernandez
et al., 2014). Como se ha mencionado anteriormente, la principal novedad de este nuevo
proceso de produccion de H, es llevar a cabo la calcinacion de particulas de CaCO; gracias
a la reducciéon exotérmica de un material de Cu, empleando CO, H, 6 CH, como agentes
reductores. Por tanto, la operacion de esta etapa con la menor cantidad de material inerte
posible (tanto para el sorbente como para el material de cobre), el menor consumo de
energia y el mayor numero posible de ciclos de oxidacién/reduccién y de
carbonatacién/calcinacién de los sélidos involucrados en el proceso, son factores
imprescindibles para el desarrollo de esta tecnologia y para reforzar sus ventajas con el

resto de tecnologias emergentes de produccion de hidrégeno.

Se llevo a cabo la preparacion de un material con un contenido elevado de Cu (60 % en
peso de Cu en el material reducido y en torno al 65 % en peso de CuO en el material
oxidado), que resulta adecuado para este proceso de acuerdo con los requisitos citados. El
método de sintesis utilizado fue el de impregnacion himeda empleando alimina (x-ALO5)
como soporte. El material de cobre obtenido tras sucesivas impregnaciones se analizo
mediante un amplio rango de técnicas de caracterizacion (detalladas en la seccién 2 de
‘Metodologia’) para determinar el volumen y tamafo de poros, su area superficial, su
densidad, las especies quimicas cristalinas presentes, asi como la morfologia de las
particulas y la distribucién de elementos en el sélido. El contenido de CuO en el material se
determiné mediante reduccion a temperatura programada (TPR) por el Servicio de Analisis

del ICB, tal y como se detalla en la seccion 2 de ‘Metodologia’.
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Los analisis texturales del sélido tras cada impregnaciéon mostraron que el area superficial
determinada por el método BET y la porosidad del sélido disminuyen drasticamente al
aumentar su contenido en cobre. El area BET inicial del soporte inerte de a-Al,O; era 24
m®/g y disminuy6 notablemente hasta 3 m*/g en el sélido final tras seis impregnaciones. El
analisis mediante dispersion de rayos X (EDX) del material indicé que el Cu se encontraba
bien distribuido en toda la particula, especialmente en todo el interior de la misma, lo que

confirmé un llenado progresivo de los poros del material inerte de soporte.

Se realiz6 un estudio de reactividad del material mediante analisis termogravimétrico tanto
para el material en forma de polvo (diametro de particula de 200-400 pm) como en forma
de pellet (2.5 mm de diametro y 2 mm de altura), que es la forma habitual en la que se
introducirfa en un reactor de lecho fijo. Las condiciones analizadas para determinar las
cinéticas de reduccién fueron aquellas presentes en el lecho durante la etapa de
reduccion/calcinaciéon del proceso de produccion de H, mostrado en la figura 3.15. Se
estudi6 la temperatura en un rango de 550-850°C y una concentracion del gas reductor
(CH,, CO, H,, y mezclas de gases) de hasta un 50 %vol. La oxidacién de las muestras se
realiz6 siempre a la misma temperatura que la reducciéon en una atmoésfera de 10 %vol. de
O, en N,. Se analiz6 la estabilidad quimica del material llevando a cabo 100 ciclos de
reduccion/oxidacion a 850°C (reduccion con 50 %vol. de H, en N, y oxidacién con un 15
%vol. de O, en N,), y se comprobé que la capacidad de transporte de O, del material se
mantenia estable con los ciclos, obteniéndose conversion completa en cada ciclo de

reduccién/ oxidacién.

Se estudi6 el efecto de la temperatura y de la concentracion de gas reductor en el material
tanto en polvo como en pellet, obteniéndose los resultados de las figuras 3.18 y 3.19,
respectivamente. De acuerdo con los resultados de conversion obtenidos, se observa que
para el material en forma de polvo y pellet la dependencia con la temperatura para la
reaccion de reduccion con H, y con CO es baja, mientras que para el CH, es algo mayor, lo
que significa una mayor energia de activacion para la reduccion del material con CH, que
con H, 6 CO. La forma lineal de las curvas representadas en la figura 3.18 y 3.19,
especialmente para la reduccion llevada a cabo con H, y CO permitié elucidar la existencia
de un control cinético de la reacciéon quimica. Para el caso del la reduccion del material con

CH, se observé que dicha tendencia lineal no se mantiene a temperaturas bajas, lo que
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indica que la resistencia a la difusion del gas en la particula cobra importancia a bajas

ternp eraturas.
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Figura 3.18. Efecto de la temperatura en las curvas de conversion para la reduccién del material en

polvo empleando: (a) 5 %vol. Ha, (b) 5 %vol. CHa, y (c) 5 %vol. CO en N»
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Figura 3.19. Efecto de la temperatura en las curvas de conversion para la reduccién del material en

pellet empleando: (a) 3 %vol. Ha, (b) 15 %vol. CHy, y (c) 5 %vol. CO en N»

En un intento de elucidar el modelo de reaccion del material sintetizado, se tomaron
fotografias de la seccidon transversal de un pellet bajo distintos porcentajes de reduccion
(ver figura 3.20). Estas fotograffas indicaban claramente la existencia de un frente de
reacciéon que avanza hacia el interior del pellet sin reaccionar, dejando a su paso capas
externas de material completamente reducido. De este modo, el pellet parecia comportarse

como un sélido no poroso que muestra una clara interfase en la que ocurre la reacciéon de
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reduccion debido a una elevada resistencia a la difusion en la zona interna de material sin
reaccionar. El pellet completamente reducido presenté una elevada porosidad (~50 %
segun resultados obtenidos por porosimetria de Hg), lo que indica que las capas mas
externas de material reducido no ofrecen resistencia a la difusién del gas reductor hacia el
interior del pellet sin reaccionar. Las observaciones extraidas de las fotografias se han
extrapolado también al material en forma de polvo, ya que ambos tipos de materiales
presentan densidades molares (y por tanto porosidad) muy similares. Esta extrapolacién
explicarfa también la forma lineal de las curvas obtenidas para el material en forma de

polvo y de pellet de las figuras 3.18 y 3.19.

Figura 3.20. Fotografias de la seccién transversal de un pellet completamente oxidado (izquierda),

parcialmente reducido (centro) y completamente reducido (derecha)

En base a estos resultados, se consideré un modelo cinético de nucleo decreciente con
control cinético de la reaccién con geometria cilindrica para el material en forma de pellet
(tomando como longitud caracteristica el radio del pellet) y con geometria de placa plana
para el material en forma de polvo. A partir de los resultados experimentales obtenidos
para el material en polvo se determinaron los parametros cinéticos: orden de reaccion (n) y
la energfa de activacion (E,), para la reaccion de reduccion. De este ajuste se obtuvo n=1y
E,=23.3 kJ/mol para la reducciéon con H,, n1=0.95 y E,=25.5 kJ/mol patra el CO, y n=0.9 y
E,=74.5 kJ/mol para el CH,. Los érdenes de reaccion obtenidos son similares a los
publicados en la literatura para materiales de Cu soportados sobre AL,O; 6 SiO, con altos
contenidos en Cu, especialmente para el caso de emplear CH,. En lo que respecta a la
energifa de activacion, los valores de energia de activacion obtenidos en este trabajo se
encuentran dentro del rango de valores obtenidos en la literatura para estos materiales

(Adanez et al., 2012).
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Se comprobé que los parametros cinéticos obtenidos para el material en polvo servian para
predecir los resultados obtenidos experimentalmente para el material en forma de pellet,
empleando las expresiones correspondientes del modelo cinético de nicleo decreciente con
geometria cilindrica con control cinético de la reacciéon (ver figura 3.21). Este hecho es
indicativo de que no existe resistencia a la difusion interna del gas en la capa de material
reducido para el tamafio de particula escogido y tampoco en el material en forma de pellet,

de manera que el control de la reaccién de reduccion es exclusivamente cinético.
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Figura 3.21. Efecto de la concentracién del gas reductor (indicado en %vol. de (a) Ha, (b) CH4y (c)
CO en Ny) en las curvas de conversion para la reduccién del material en pellet a 800°C. Las /lineas

continnas representan las predicciones del modelo cinético
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4. Conclusiones

A partir de las investigaciones llevadas a cabo en esta Tesis Doctoral se puede concluir que
las tecnologias de captura de CO, basadas en los ciclos de carbonatacién/calcinacion de
CaO permiten recuperar de una manera eficiente la energfa introducida en la regeneracion
del sorbente en forma de focos de energfa a alta temperatura, consiguiendo asi altas
conversiones de energfa. Se demuestra que la disminucién de rendimiento o penalizacion
energética obtenida al emplear estos procesos de carbonatacién/calcinacién como sistemas
de captura de CO, es notablemente inferior a la publicada para métodos comerciales de
absorcién o de oxi-combustién para la produccion de electricidad o hidrégeno a partir de
carboén y gas natural. Los resultados obtenidos en esta Tesis Doctoral confirman el gran
potencial del proceso de carbonatacién/calcinacién como tecnologia de captura de CO,

aplicada a procesos de produccion de electricidad y de hidrégeno.

Ademas de esta conclusion general, se destacan a continuacion las conclusiones especificas
en las principales areas que han sido objeto de estudio en los trabajos desarrollados en esta

Tesis Doctoral.

Integracion del proceso de carbonatacion/ calcinacion de CaO en CT existentes de carbon

e El aprovechamiento de los flujos de energia a alta temperatura disponibles en este
sistema de captura de CO, permite repotenciar la CT existente generando potencia
adicional en un ciclo de vapor supercritico, reduciendo asi el consumo eléctrico
asociado a la captura de CO,

e [a resolucién de un modelo de reactor de carbonatacién integrado en un modelo de
simulacién del proceso de captura de CO, confirma que es posible obtener eficacias de
captura de CO, entre 70 y 90 % bajo diferentes estrategias de operacion: alto aporte de
sorbente fresco y baja circulaciéon de sélidos para operar con un sélido con una
actividad elevada y viceversa, y minimo tamafno de calcinador

e [a disminucién de rendimiento eléctrico que se obtiene al implantar esta tecnologia de
captura de CO, se encuentra entre 7.5 y 10.5 puntos porcentuales cuando existe la
posibilidad de sinergia con la industria del cemento mediante el aprovechamiento de
los solidos calcinados purgados del sistema, y entre 8.3 y 12.4 puntos cuando esta

sinergia no es posible
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e [a eficiencia eléctrica neta obtenida es maxima operando el sistema de captura de CO,
con bajos aportes de sorbente fresco, minimizando asi la penalizacién energética
obtenida. Para estas condiciones de operacion, la eficiencia eléctrica neta se encuentra
en torno a 33 %, correspondiente a una penalizaciéon energética de 7.5-8.5 puntos
porcentuales con respecto del sistema sin captura de CO,

e Las condiciones de operacién mas adecuadas para el sistema de captura de CO, se
corresponden con un valor de aporte de sorbente fresco intermedio entre el
correspondiente al tamafio minimo del calcinador (~6 % de sélido purgado con
respecto del total de material circulando desde el calcinador) y el menor valor de
aporte considerado en este trabajo (que se corresponde con valores de purga en torno
al 2 %). En estos casos, la alta circulacién de sélido entre el reactor de carbonatacion y
de calcinacién (9-17 kg/m™s) favorece la recuperacion de energia en el carbonatador, y
por tanto la produccién de vapor en condiciones supercriticas

e Comparado con el sistema comercial de absorcién quimica con aminas, el proceso de
carbonatacion/calcinacién con CaO permite obtener penalizaciones energéticas entre
4 y 7 puntos porcentuales por debajo de la penalizacién obtenida para el sistema

comercial sin afectar al funcionamiento de la CT existente

Abndlisis del proceso de carbonatacion/ calcinacion de CaO aplicado a CT de carbon de nueva construccion

e La posibilidad de plantear una configuraciéon mucho mas integrada entre la caldera
de carbén de la CT y las distintas unidades del sistema de captura de CO,, haciendo
circular una corriente de sélidos calientes entre la caldera y el calcinador para
aportar la energfa necesaria en la calcinacion del CaCO;, permite conseguir una
mayor integraciéon energética entre las distintas unidades y, en definitiva, una mejor
eficiencia de produccion eléctrica que en el caso de una CT existente

e Operando el sistema con un flujo de solidos calientes a una temperatura en torno a
1030°C y un bajo aporte de sorbente fresco (correspondiente a un valor de purga
en torno al 2 % de la cantidad de sélido circulando desde el calcinador), se obtienen
eficacias de captura de CO, en el carbonatador en torno al 90 %

e FEn estas condiciones, es posible aportar la energfa necesaria en el reactor de
calcinacién empleando una circulacién de sélido en torno a 34 kg/m*s entre la
caldera de combustién y el calcinador, que se encuentra dentro del rango de

condiciones de operacion de los reactores de LFC comerciales
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e Aprovechando las corrientes de energfa a alta temperatura disponibles en el proceso
para ser empleadas en los distintos equipos de un ciclo de potencia de turbina de
vapor superctitico (cuyo rendimiento eléctrico neto es del 45 %), se obtiene un
rendimiento eléctrico en torno a 38 % equivalente a una penalizacion energética de
7 puntos porcentuales

e Fl principal consumo eléctrico de esta configuracion de proceso proviene del
compresor de CO, seguido del consumo de los auxiliares del proceso. En este caso,
se elimina la penalizacion energética asociada a la unidad de separacién de aire ya

que se prescinde del consumo de O, en el calcinador

Modelo cinético de calcinacion

e Se propone un modelo cinético de calcinaciéon capaz de predecir los resultados
obtenidos en las condiciones tipicas de alta concentracion de CO,, alta temperatura
y con particulas de CaCO; que han experimentado mdltiples ciclos de
carbonatacion/ calcinacién, presentes en el reactor de calcinacién de este sistema de

captura de CO,

e Para particulas de caliza de tamafio inferior a 300 um, la reaccién de calcinacion se
encuentra controlada exclusivamente por la reacciéon quimica. Para particulas de
mayor tamafio, la resistencia a la difusiéon del CO, generado hacia el exterior de la
particula disminuye conforme las particulas de CaCOj; experimentan ciclos de
calcinacion/ calcinacion, incluso en presencia de CO, en la fase gas

e Ja velocidad de calcinaciéon es independiente del numero de ciclos de
carbonatacién/calcinacién que haya experimentado la particula para una
temperatura y concentracion de CO, determinadas, siendo el tiempo de calcinacion
completa dependiente del contenido inicial de CaCOj en las particulas

e Hs posible describir la reaccion de calcinacién mediante un modelo homogéneo de
reacciéon aparente a nivel de particula empleando una expresion basada en el
modelo de grano, segun la cual la velocidad de calcinacion es funcién de la
temperatura y de la concentracion de CO, en la fase gas

e FEl modelo de calcinaciéon propuesto permite predecir la conversion de calcinacion
en condiciones cercanas al equilibrio bajo distintas condiciones de operacion

e Es posible conseguir la calcinacion completa de las particulas de CaCO; en tiempos

relativamente cortos similares al tiempo de residencia de los solidos en un reactor
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de LFC (2-3 minutos), en condiciones de concentraciéon de CO, tipicas de un
proceso en oxi-combustién y a una temperatura apenas 15-25°C por encima de la

temperatura correspondiente al equilibrio

Modelo para el reactor de calcinacion

e La eficacia de calcinacion depende de la temperatura de operacion del calcinador, la
presion parcial de CO,, el tiempo de residencia de los solidos, el contenido en
CaCOj; de las particulas presentes en el reactor, asi como de los parametros
cinéticos de la reaccién de calcinacion

e Ja temperatura de operacion del calcinador es un parametro decisivo en la eficacia
de calcinacién obtenida, siendo posible conseguir condiciones practicamente de
calcinaciéon completa cuando existe una diferencia suficiente de temperatura con
respecto de la correspondiente al equilibrio de carbonatacién/calcinacion para la

presion parcial de CO, existente en el reactor

e Las predicciones realizadas con el modelo apuntan que la estrategia de operacion
empleada en el sistema de captura de CO, (alto aporte de sorbente fresco y baja
circulacién de solidos, y viceversa) no se encuentra limitada por la eficacia de
calcinacion, sino por la demanda de energia en el calcinador que sera la que
determine la eficiencia eléctrica neta obtenida

e Operando con un inventario de sélido en el rango de 800-1200 kg/m* (equivalente
a un tiempo de residencia del sélido de 2-3 min) y temperaturas en torno a 900-
910°C, es posible conseguir eficacias de calcinacion superiores al 95 %, equivalentes
a un contenido en CaCOj inferior al 1 % (en moles) en la corriente de sélidos que

abandona el calcinador

Andlisis del proceso de reformado de gas natural con captura in situ de CO, con CaO para produccion de

hidrdgeno

¢ El consumo de vapor en el reactor de reformado resulta clave en la optimizacion
energética del proceso al determinar tanto el rendimiento a H, en el reactor de
reformado como el balance de energia global asociado a la generacién de dicho

vapor
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Las condiciones 6ptimas del proceso, desde el punto de vista de la eficiencia global
de producciéon de hidrégeno y de las emisiones especificas de CO,, se corresponden
con el reactor de reformado operando a una temperatura en torno a 650°C y un

ratio S/C cercano a 2.2

Tomando como referencia el proceso convencional de producciéon de hidrégeno
con captura de CO, mediante un sistema comercial de absorcién con aminas, el
consumo de gas natural en la planta basada en el proceso SER es casi un 20 %
inferior a pesar de la energfa consumida en la regeneracion del CaCO,

La presencia de CaO favorece la conversion de CH, a H, al eliminar el CO, de la
atmosfera de reaccion y permite obtener producciones de H, de 2.78 moles de H,
por mol de CH, equivalente para las condiciones optimas en el proceso SER,
considerablemente mas altas a la produccién de 2.29 moles de H, por mol de CH,

equivalente obtenida en el proceso convencional

La eficacia de producciéon de H, obtenida para el proceso SER operando bajo las
condiciones 6ptimas es de 84 %, 15 puntos porcentuales por encima del valor de
rendimiento obtenido para la planta de referencia con captura de CO, mediante
absorcion con aminas

Se obtienen eficacias de captura de CO, globales cercanas al 100 % ya que el gas
rechazo de la purificacion del hidrégeno obtenido se emplea como combustible en
el calcinador. Como consecuencia de esta elevada eficacia de captura de CO,, las
emisiones especificas de CO, son practicamente nulas, en torno a 0.9 gCO,/MJ de

H,

Abndlisis del proceso de reformado de gas natural basado en la combinacion de los ciclos de CaO/CaCO; y

Cu/ CuO para la produccion combinada de hidrdgeno y electricidad

La producciéon de vapor viene determinada fundamentalmente por la energfa
disponible en las corrientes obtenidas en las etapas de SER y de calentamiento del
lecho, mientras que la temperatura maxima permitida durante la oxidacién del Cu
apenas influye en la cantidad de vapor generada en el proceso

Aprovechando los flujos de energifa a alta temperatura disponibles es posible
generar suficiente vapor para el proceso y alcanzar un ratio S/C maximo de 4 en la

etapa SER operando a 700°C y 15 bar en dicha etapa, con una temperatura maxima
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de 830 y 870°C para las etapas de oxidaciéon y reducciéon del material de Cu,

respectivamente

Para estas condiciones de maximo ratio S/C se obtuvo una produccién global de
2.63 moles de H, por mol de CH, equivalente alimentado al proceso y una eficacia
global de captura de CO, del 94 %, correspondiente a unas emisiones especificas de
4.2 ¢CO,/M] de H,

Comparado con el proceso convencional de produccién de hidrégeno incluyendo
captura de CO, mediante absorcién con aminas, el consumo de gas natural es en
torno a un 14 % inferior en este proceso basado en los ciclos de Ca/Cu a pesar del
consumo de gas natural necesario para llevar a cabo la etapa de
reduccion/calcinacién

La eficacia de producciéon de hidrégeno obtenida para el proceso basado en los
ciclos de Ca/Cu para el maximo valor del ratio S/C es del 79 %, 10 puntos
porcentuales por encima del valor de eficacia obtenida en el proceso convencional

de reformado de gas natural con vapor

Es posible mejorar los resultados de rendimiento a hidrégeno y reducir los
consumos internos de energfa en el proceso si se emplean materiales con un menor
contenido en inerte, catalizadores de reformado mas activos o si se modifican
algunos de los parametros de operacién del proceso, como la temperatura maxima
alcanzada durante la oxidacién/reduccion del Cu o las velocidades del gas a su paso

port el lecho de material

Considerando unas condiciones de operaciéon razonables para cada una de las
etapas de este proceso e Incluyendo etapas intermedias de limpieza y
acondicionamiento de los lechos, se estima que son necesarios un total de 15
reactores de lecho fijo operando en paralelo en este proceso para conseguir un
funcionamiento en continuo y una produccién de hidrégeno similar a la del
proceso convencional tomado como referencia

Comparando con el proceso anterior de reformado de gas natural con captura
sitn de CO, con CaO, el consumo de energia por unidad de CO, evitado resulta
similar en ambos procesos (~1.7 MJ/kg CO,) manteniendo constante la
produccién global de hidrégeno. Por tanto, sera un analisis econémico el que
evalte la viabilidad de ambas configuraciones de proceso basadas en el SER en

comparacioén con otros procesos comerciales de producciéon de H,, y constituira
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otro aspecto fundamental a tener en cuenta ya que determinara el coste productivo

final del H, producido

Abndlisis del proceso de reformado de gas natural basado en la combinacion de los ciclos de CaO/CaCO; y

Cu/ CuO para la produccion exclusiva de electricidad mediante ciclo combinado

El ratio S/C escogido en la etapa SER de produccion de H, influye notablemente
en la potencia generada en la expansion del gas de combustion en la turbina de gas.
Cuanto mayor es el ratio S/C, mayor es la potencia eléctrica generada en la turbina
de gas debido al efecto positivo asociado al mayor contenido en vapor en el gas de

combustion

Por el contrario, altos valores del ratio S/C se traducen en una disminucion de la
potencia generada en la turbina de vapor del ciclo combinado ya que el vapor

introducido en la etapa SER proviene de una extraccion de esta turbina

Consecuencia de ambos factores y del consumo global de combustible en el
proceso, el valor de eficiencia neta disminuye ligeramente al aumentar el ratio S/C
en la etapa SER. Sin embargo, al aumentar esta cantidad de vapor mejora el valor

de eficacia global de captura de CO,

La maxima temperatura alcanzada durante la reducciéon del CuO influye
considerablemente en la eficiencia neta del proceso ya que su aumento conlleva un
aumento en el consumo de combustible en el proceso, y por tanto una disminucion
de la eficiencia neta de produccion eléctrica. Su efecto en la eficacia de captura de

CO, global es despreciable

La maxima temperatura alcanzada durante la oxidacion del Cu tiene un efecto
despreciable en la eficiencia neta de produccion eléctrica, mientras que las
emisiones de CO, del proceso aumentan al aumentar dicha temperatura al favorecer
asf la calcinacion del CaCO, durante esta etapa

El funcionamiento 6ptimo del proceso desde el punto de vista de la eficiencia
eléctrica y de las emisiones de CO, se obtiene operando con un ratio S/C de 5 en la
etapa SER, y una temperatura de 830 y 850°C en las etapas de oxidacién y
reduccion del material de Cu, respectivamente

Para estas condiciones, la eficiencia eléctrica neta obtenida es del 50.7 % con una

eficacia global de captura de CO, del 90.1 %, equivalente a unas emisiones

especificas de 40.1 gCO, emitidos/kWh
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En comparacién a otros procesos de producciéon de H, integrados con un ciclo
combinado para producir electricidad con bajas emisiones de CO,, este proceso
permite obtener una baja penalizaciéon energética con respecto del CCGN sin
captura de CO, (en torno a 8 puntos porcentuales), similar a la obtenida con otros
procesos de produccion de H, basados en el proceso SER u otros procesos

alternativos como la oxidacion parcial o el reformado autotérmico.

Preparacion, caracterizacion y estudio de la cinética de reduccion de un material de cobre

Se confirma la estabilidad quimica en mas de 100 ciclos de oxidacién/reduccion de
un material con un elevado contenido en Cu (en torno al 60 % en peso en el
material reducido) y bien distribuido en toda la particula, sintetizado siguiendo el
método de impregnacion himeda empleando «-Al,O; como soporte. No se
observa una pérdida de la capacidad de transporte de O, del material,

manteniéndose estable la velocidad de reaccidon

Los parametros cinéticos para la reaccion de reduccion del material en forma de
polvo pueden obtenerse al ajustar los datos experimentales con un modelo de
nucleo decreciente con geometria de placa plana con control de la reacciéon quimica,
empleando el radio de la particula como longitud caracteristica. Para el material en
forma de pellet se puede aplicar el mismo modelo cinético para geometria
cilindrica, considerando en este caso el radio del pellet como longitud caracteristica.
El modelo cinético escogido para ambos tipos de geometria predice adecuadamente
los resultados experimentales obtenidos, tanto para el material en forma de polvo

como en pellet

Los parametros cinéticos determinados para el material en forma de polvo sirven
para predecir las cinéticas del material en forma de pellet empleando las expresiones
correspondientes del modelo considerado para el pellet, indicando asi que no existe
resistencia a la difusion interna del gas en la capa de material reducido para el

tamano de particula empleado

Los valores obtenidos para la energfa de activaciéon y el orden de la reaccion
empleando CH,, CO e H, como agentes reductores, se encuentran en dentro del
rango de los encontrados en la literatura para materiales de Cu sobre distintos
soportes SiO, 6 Al O;, siendo la energia de activacion mas baja para la reduccion
con CO e H, que empleando CH,, lo que indica una menor dependencia con la

temperatura en la reacciéon de reduccion empleando estos gases
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5. Conclusions

From the work included in this Thesis it is possible to conclude that Ca-looping systems
integrated in either post-combustion or pre-combustion routes allow for an efficient
recovery of the energy introduced in the regeneration of the Ca-based sorbent as high-
temperature energy streams. It is demonstrated that the efficiency penalty resulting from
the use of the Ca-looping process for CO, capture is noticeably lower than the efficiency
penalty associated to commercially available CO, separation technologies when focused on
electricity or hydrogen production from coal or natural gas. Therefore, results from this
work confirm the potential of the Ca-looping process as a CO, capture technology both for

power or hydrogen production processes.

Additionally it is worthy to highlight the following main conclusions in each of specific

fields of research covered in this work.

Integration of a Ca-looping system for CO, capture in existing power plants

e The use of the high-temperature energy sources available in the Ca-looping system
to produce supercritical steam allows repowering the existing power plant by
producing additional power in a new steam cycle, and therefore reducing the

electric consumption associated to CO, capture

e By implementing and solving a carbonator reactor model into the simulation
process model of a Ca-looping process, it is confirmed that CO, carbonation
efficiencies in the range of 70 to 90 % are feasible under different operation
strategies: high sorbent make-up flow, high solid circulation rate between reactors,
or minimum calciner size

e [Efficiency penalties obtained when considering the integration of this Ca-looping
process into an existing power plant range between 7.5 and 10.5 percentage points
if the spent sorbent purged in the Ca-looping process is used in the cement
industry as raw material for clinker manufacture. In case this cement synergy is not
possible, efficiency penalties obtained increase slightly up to 83 and 12.4
percentage points

e The highest thermal efficiencies, and therefore the lowest efficiency penalties, are

obtained when working with the lowest sorbent make-up flows in the Ca-looping
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process. In these cases, thermal efficiencies as high as 33 % are obtained,
corresponding to efficiency penalties around 7.5-8.5 percentage points with respect
to the reference power plant without featuring CO, capture

Optimum operating conditions comprise a CaCO; make-up flow between that
required for minimum calciner size conditions (~6 % of purge material in weight of
the solids circulating from the calciner) and the minimum CaCO; make-up flow
considered in this work (corresponding to a solid purge of around 2 %). In these
cases, the high solid circulation rate between the carbonator and the calciner (9-17
kg/m?:s) allows for an efficient heat recovery in the carbonator of the CO, capture
system, which translates into a larger supercritical steam production

The intrinsically low efficiency penalties demonstrated in this work for the Ca-
looping process integrated into an existing power plant are between 4 and 7
percentage points lower than the efficiency penalties reported in the literature for
commercially proven amine absorption systems, without affecting existing power

plant performance

Conceptual design of a three fluidised beds combustion system capturing CO, with CaO

A new Ca-looping arrangement based on a highly integrated scheme between the
Ca-looping process and the combustor of the coal-based power plant would
translate into a reduction in the efficiency penalty associated to this CO, capture
technology. Concretely, it is proposed the use of a high temperature heat carrier
(mainly CaO) circulating from the combustor to the calciner to supply the energy
needed for calcination

By solving mass and energy balances for this arrangement, CO, capture efficiencies
as high as 90 % in the carbonator are obtained when working with a combustor
temperature of around 1030°C and a low CaCO, make-up flow in the Ca-looping
process (corresponding to a solid purge of around 2 %)

Under these operating conditions, solid circulation rates of around 34 kg/m®s
between the combustor and the calciner are enough for the calciner to be sustained
by the energy supplied by the circulating solid, which is in the range of similar large-
scale commercial circulating fluidized bed reactors

Taking advantage of the large quantities of high-temperature energy sources

available in the whole process, a supercritical steam cycle is proposed (whose
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reference electric efficiency is 45 %). As a result of this energy integration, a net
electric efficiency of around 38 % is obtained, corresponding to a efficiency penalty
of 7 percentage points

e Main electric consumption in this process arrangement comes from the CO,
compressor and, to a lesser extent, from the power plant auxiliaries. In this case,
there is no need of an air separation unit to supply the heat demand into the

calciner as in the previous work, and its electric consumption is therefore avoided

Kinetics of caleination of partially carbonated particles in a Ca-looping system

e The calcination reaction model proposed is able to predict the calcination
conversion of a sorbent in a range of conditions of interest for the Ca-looping
process and different calcination/carbonation cycles

e Tor particle size below 300 pum, the calcination reaction rate is hardly affected by
the CO, internal diffusion resistance in the pore network of the particles and it is
exclusively chemically controlled since the first cycle. For larger particle sizes, the
internal diffusion resistance of the CO, released diminishes as the number of
calcination/carbonation cycles increases, even in the presence of CO, in the bulk
gas

e (O, formation rate by calcination is largely constant for a given reaction conditions
irrespectively of the CaCO; content of the particle. Based on this fact, full
calcination time of CaCOj particles increases as CaCOj content increases

e (Calcination reaction can be described using an expression based on a grain model
that is consistent with an apparent homogeneous conversion pattern at a particle
level. Based on this expression, calcination rate depends on the temperature and the
CO, concentration in the gas phase

e The kinetic model proposed shows good agreement between prediction and
experimental data under calcination conditions close to equilibrium

e Itis shown that nearly complete calcination conversion can be achieved at a typical
solid residence time of circulating fluidized bed calciner reactors (2-3 minutes),
under CO, concentrations similar to that present in oxi-combustion environments

and at calcination temperatures 15-25°C above those dictated from equilibrium
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Calciner reactor modelling

e The calciner efficiency depends on the temperature in the reactor, the molar
fraction of CO, in the gas phase, the solid residence time in the reactor, the CaCO,
content of the particles in the calciner and the kinetic parameters of the calcination
reaction rate

e Temperature in the calciner is a decisive parameter affecting calciner performance.
It is possible to achieve high calciner efficiencies close to 100 % if there is enough
difference between the temperature in the calciner and that corresponding to the
equilibrium of the CO, partial pressure in the calciner

e Reactor model predictions point out that calciner efficiency is hardly affected by
the operation strategy chosen in the Ca-looping system (high sorbent make-up flow
or high solid circulation rate between reactors), which makes the heat demand in
the calciner be decisive in choosing the best operating conditions

e Calciner efficiencies higher than 95 % (that correspond to CaCO; contents below 1
% in the solid stream leaving the calciner) are possible when working with solid
inventories in the range of 800-1200 kg/m’ (equivalent to average particle residence
time between 2 and 3 minutes) and reactor temperatures around 900-910°C in the

calciner

Process design of a hydrogen production plant based on the sorption enhanced reforming (SER) of natural

e Steam used in the reformer/carbonator reactor is the operating parameter that
most influences the plant performance because it determines not only the hydrogen
production efficiency in the reformer/carbonator, but also the global energy
balance in the process

e TFrom a hydrogen efficiency and CO, emissions points of view, those operating
conditions  featuring the best plant performance correspond to a
reformer/carbonator operating temperature of 650°C and a steam-to-catbon ratio
of around 2.2 in the gas fed to the reformer/carbonator

e Compared to a reference hydrogen production plant based on conventional natural
gas reforming featuring CO, capture by amine absorption, it is noticed that around
20 % less additional fuel is required in the SER based plant despite the energy

consumption in the calciner for sorbent regeneration
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e 'The presence of a CaO-based sorbent in the reformer/carbonator that removes the
CO, as it is formed in the process enhances methane conversion and hydrogen
yield in the reactor, and overall hydrogen yields as high as 2.78 moles of H, output
per mole of equivalent CH, can be achieved under those conditions featuring the
best plant performance. This hydrogen yield is noticeably higher than the hydrogen
production of 2.29 moles of H, output per mole of equivalent CH, that
corresponds to the reference plant mentioned

e The hydrogen efficiency attained in the SER based plant by the configuration
featuring the best plant performance is around 84 %, which is about 15 percentage
points above the hydrogen efficiency obtained for the reference plant mentioned
including CO, capture

e Carbon capture ratios close to 100 % can be obtained in the SER based plant due
to the fact that non-converted carbon compounds in the reformer/carbonator are
used as fuel in the calciner, where they are transformed into CO, for its storage.
Consequently, the specific CO, emissions per unit of energy of H, output are

almost zero (around 0.9 gCO,/M] de H,)

Process design of a hydrogen production plant from natural gas with CO, capture based on a novel Ca/Cu

chemical loop

e The steam production in the process is determined by the high-temperature energy
source available both in the H, production and in the bed heating stages, whereas
the maximum temperature allowed in the Cu oxidation stage hardly affects the

steam produced

e Taking advantage of the large quantities of high-temperature energy sources
available in the whole process, it is possible to generate enough steam to be used in
the different stages of this Ca/Cu based process and to get a maximum steam-to-
carbon ratio of 4 in the SER stage of the process operating at 700°C and 15 bar,
while maintaining 830 and 870°C in the Cu oxidation and CuO reduction stages of
the process, respectively

e Under these maximum steam-to-carbon ratio conditions, an overall hydrogen yield
of 2.63 moles of H, output per mole of equivalent CH, and a carbon capture ratio

of around 94 % can be obtained, which correspond to a low specific CO, emissions

of 4.2 ¢CO,/MJ de H,
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Compared to a reference hydrogen production plant based on conventional natural
gas reforming featuring CO, capture by amine absorption, it is noticed that around
14 % less additional fuel is required in the Ca/Cu based plant despite the energy
consumption in the reduction/calcination stage of the process

The hydrogen efficiency attained in the Ca/Cu based plant operating under those
conditions with the highest steam-to-carbon ratio is around 79 %, which is about
10 percentage points above the hydrogen efficiency obtained for the reference plant
mentioned including CO, capture

It is demonstrated the potential of efficiency improvement and of energy
consumption reduction in the process if more active reforming catalysts are used, if
low inert content sorbents are implemented or if higher maximum temperatures or

lower gas velocities are allowed during the reaction stages

Assuming reasonable operating conditions in each process stage of the Ca/Cu
process and including intermediate rinse steps for bed cleaning, it is estimated that
a minimum of 15 reactors operating in parallel would be needed in a continuous
process

Compared to the SER based plant described in the previous work, it is appreciated
that similar specific energy consumption for CO, avoided results in both cases
(~1.7 MJ/kg CO,) for a given hydrogen output. Then, there is a need of an
economic assessment to evaluate both process configurations based on the SER
concept and to compare them with other commercial hydrogen production

processes in terms of hydrogen production costs

Integrated combined cycle from natural gas with CO, capture using a Ca/ Cu chemical loop

The steam-to-carbon ratio chosen in the SER stage of the Ca/Cu process has a
great influence on the gas turbine power output that is higher for those cases with a
higher steam-to-carbon ratio due to the positive effect of the higher steam content
in the flue gas expanded

On the contrary, higher steam-to-carbon ratios in the SER stage of the Ca/Cu
process translate into lower steam turbine power outputs because steam used the
SER stage is bled from the steam turbine

As a consequence of both effects and the influence of the steam-to-carbon ratio on

the thermal input into the process, slightly lower electric efficiencies result for those
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cases with a higher steam-to-carbon ratio in the SER stage of the Ca/Cu process.
However, larger differences are observed from a CO, capture efficiency point of
view and cases with the highest steam-to-carbon ratio in the SER stage show the
highest CO, capture efficiencies

e TFrom the point of view of the maximum temperature achieved during CuO
reduction, it is interesting to work at the lowest feasible temperature in this stage so
that thermal input into the process is reduced and, therefore, the electric efficiency
is maximised. However, the effect of this temperature on the CO, capture rate is
negligible

e The maximum temperature achieved during the Cu oxidation stage has a negligible
effect on the electric efficiency of the process, whereas its influence on the CO,
capture rate is important because CO, emissions in the process come from CaCOj;
calcination in this Cu oxidation stage

e From an electric efficiency and CO, emission points of view, those operating
conditions featuring the best plant performance correspond to a steam-to-carbon
ratio of 5 in the SER stage, and a maximum temperature of 830 and 850°C in the
Cu oxidation and CuO reduction stages, respectively

e Under these operating conditions, a electric efficiency as high as 50.7 % can be
achieved with a CO, capture rate of 90.1 %, equivalent to 40.1 gCO, emitted/kWh

e Compared to other hydrogen production technologies integrated into a natural
combined cycle, the Ca/Cu based process demonstrates efficiency penalties similar
to the lowest reported in the literature for other pre-combustion CO, capture
routes based on the SER concept or based on alternative concepts such as partial

oxidation or autothermal reforming

Preparation, characterisation and reduction kinetics determination of a bhigh load Cu-based material

e It is proven the chemical stability of the high load Cu-based material (around 60
wt.% of Cu in the reduced solid) over more than 100 oxidation/reduction cycles,
which has been prepared following an impregnation method using «-Al,O; as
support. Solid oxygen transport capacity temains stable duting oxidation/reduction
cycles, which demonstrates the high chemical stability of the material

e Tor the Cu particles, the shrinking-core model (SCM) for platelike geometry under

chemical reaction control is used for the determination of the kinetic parameters
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that govern the reduction reaction of the solid. The same reaction model but
cylindrical geometry has been considered for the Cu material in the pellet form.
Conversion results predicted by the SCM proposed represent fairly well the
experimental results obtained in thermogravimetric analysis

Kinetic parameters determined for the Cu particles serve to predict the evolution of
the pellet conversion with time, which demonstrates that there is no resistance to
gas diffusion through the reduced material for the particle size used in this work
The reaction order and the activation energy obtained in this work when using
CH,, CO and H, as reducing agents are in close agreement with the results found in
the literature of high load Cu-based solids over SiO, or Al,O;. Activation energy
values obtained for the reduction reaction with CO or H, are lower than those

obtained with CH,, indicating lower dependence with temperature for these gases
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6. Notacion empleada

Acrénimos

AlE Agencia Internacional de la Energfa

AP Alta Presion

ASU Unidad de Separacion de Aire (acténimo del inglés Air Separation Unid)

BP Baja Presion

CAC Captura y Almacenamiento de Carbono

CCGN Ciclo Combinado de Gas Natural

CCR Eficacia de Captura de CO, (acrénimo del inglés CO, Capture Ratio)

CCR,, Eficacia Equivalente de Captura de CO,

CLC Combustién con transportadores de oxigeno (acréonimo del inglés Chemical
Looping Combustion)

CPU Unidad de Purificacion y Compresion (acronimo del inglés Compression and
Purification Unii)

CT Central Térmica

DEA Dietilamina

ECO Economizador

EDX Dispersion de rayos X

EGR Recuperacion Mejorada de Gas Natural (acronimo del inglés Enbanced Gas
Recovery)

EOR Extracciéon Mejorada de Petréleo (acronimo del inglés Enhanced Oil Recovery)

EVA Evaporador

GEI Gases de Efecto Invernadero

GICC Gasificacion Integrada con Ciclo Combinado

HRF Factor de Recuperacion de Hidrégeno (acrénimo del inglés Hydrogen Recovery
Factor)

ICP-OES  Espectroscopia de Emisiéon Atémica por acoplamiento inductivo de plasma
1P Presion Intermedia
IPCC Panel Intergubernamental sobre el Cambio Climatico (acrénimo del inglés

Intergovernmental Panel on Climate Change)

LFB Lecho Fluidizado Burbujeante
LFC Lecho Fluidizado Circulante
MEA Monoetanolamina

PCI Poder Calorifico Inferior
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PSA

Adsorcion por cambio de presion (acronimo del inglés Pressure Swing

Adsorption)

RH Recalentamiento

SEM Microscopia electrénica de barrido

SER Reformado de gas natural con captura iz situ de CO, (acrénimo del inglés
Sonption Enhanced Reforming)

SEWGS Reaccion de desplazamiento de agua con captura i situ de CO, (acrénimo del
inglés Sorption Enbanced Water Gas Shiff)

SH Sobrecalentador

SMR Reformado de gas natural con vapor (acrénimo del inglés Stean Methane
Reforming)

SPECCA,, consumo de energfa por unidad de CO, evitado (acrénimo del inglés Specific
Primary Energy Consumption for CO, Avoided)

TPR Reduccién a temperatura programada

WGS Reaccion de desplazamiento de agua (acrénimo del inglés Water Gas Shifi)

XRD Difraccién de rayos X

Abreviaturas

A Area transversal del carbonatador

Ceon Concentracién de CO, en la fase gas

Ceq Concentracion de CO, en el equilibrio de carbonatacion/calcinacion

E Emisiones especificas de CO,

E, Energia de activacion

E, Eficacia de captura de CO, en el carbonatador

cale Eficacia de calcinacion en el calcinador

€Co2,GN Factor de emisiones especificas de CO, del gas natural

E, Emisiones especificas de CO, por unidad de electricidad generada

E. Emisiones equivalentes especificas de CO,

S Emisiones equivalentes especificas de CO, en la planta de referencia

E,, Emisiones especificas de CO, por unidad de energfa térmica

F, Flujo molar de CaCO; aportado en el calcinador

f, Fraccién de particulas en el calcinador con un tiempo de residencia inferior a

t,
F. Flujo molar de C alimentado con el gas al reactor de
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reformado/carbonatacién

Fe, Flujo molar de CaO circulando desde el calcinador al carbonatador

£ Grado de conversion de las particulas de CaCOj en el calcinador

£ Grado de conversion de las particulas de CaO en el carbonatador

Fe comb Flujo molar de C introducido al calcinador con el combustible

feon Fracciéon molar de CO, en la fase gas

Feon Flujo molar de CO, en el gas alimentado al carbonatador

Feozcae Flujo molar de CO, generado en el calcinador debido a la reaccién de
calcinacioén

Feoz.comb Flujo molar de CO, generado en el calcinador por la combustion del
combustible

Feozsec Flujo molar de CO, recirculado en el calcinador

f, Fracciéon molar de CO, en el equilibrio

Fos Flujo molar de gas alimentado al carbonatador

H,, Energia del carbon alimentado al calcinador

Heiro Energia necesaria en la calcinacion del CaO presente en la purga de sélidos

H.. Energia del carbén alimentado a la caldera de la central térmica (MW)

ke Constante cinética de la reaccion de calcinacion para cualquier ciclo

keo Factor pre-exponencial de la constante cinética de calcinacion k.

ke Constante cinética de la reaccién de calcinacion para un ciclo N

m Flujo masico de carbén

M 0 cape Flujo masico de CO, capturado para su transporte y almacenamiento

M orem Flujo masico de CO, emitido a la atmédsfera

m Flujo masico de hidrégeno obtenido

m . Flujo masico de gas natural

MG e Flujo masico equivalente de gas natural

n Orden de reaccion

N, Inventario de solidos

T Temperatura

t tiempo

t Tiempo necesario para la calcinacién completa

T, Temperatura de operacion del calcinador

Tyin Temperatura del gas de entrada a la etapa 1 (=A, B 6 C)

T Temperatura maxima durante la etapa i 1=A, B 6 C)
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T,.; Temperatura de operacion del reactor de reformado/carbonatacion

T, Temperatura de saturacion

P Presion

Pcoz Presion parcial de CO, en la fase gas

Q..¢ Energia recuperada en el interior del reactor de reformado/carbonatacion

Qu Energia térmica liberada en la condensacién del vapor exportado

feie Velocidad de calcinacion

Wasu Consumo eléctrico de la unidad de separacion de aire

W, Consumo de los equipos auxiliares

Wegmpaire Consumo eléctrico del compresor de aire

Weompresorco2 -~ Consumo eléctrico del compresor de CO,

Wer ectente Produccion eléctrica neta en el ciclo de vapor de la central eléctrica existente

W, Produccion eléctrica en la planta basada en el proceso SER

Wepn Produccion eléctrica generada al expandir el gas de la etapa B

W Produccion eléctrica neta

Woipereritico Produccion eléctrica neta en el nuevo ciclo de vapor supercritico

Wia Produccién eléctrica neta del ciclo de turbina de gas

Wiy Produccién eléctrica neta del ciclo de turbina de vapor

W enilador Consumo eléctrico del ventilador

Kie Conversion media maxima de las particulas de CaO en el carbonatador

X Contenido en CaCO; de las particulas a la salida del calcinador (moles de
CaCO,/mol de CaO inicial)

Xt Contenido en CaCOj de las particulas a la salida del carbonatador (moles de
CaCO;/mol de CaO inicial)

X eart Contenido medio de CaCO; de las particulas existentes en el calcinador

Xt Conversion de CaO a CaCOj en el ciclo N-1

X Conversion de reducciéon de CuO a Cu

Simbolos

Nelref Eficiencia de referencia para la produccion de electricidad

NeqH2 Eficiencia equivalente de produccién de hidrégeno

Negrz2| ¢ Eficiencia equivalente de produccién de hidrégeno de la planta de referencia

Nh2 Eficiencia de produccién de hidrégeno

Mneta Eficiencia eléctrica neta del sistema

168



Neet Eficiencia eléctrica de la planta de referencia
Netoret Eficiencia de referencia para la produccion de energfa térmica

T Tiempo medio de residencia de las particulas en el calcinador
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This work analyses a Ca looping system that uses CaO as regenerable sorbent to
capture CO, from the flue gases generated in power plants. The CO, is captured by
CaO in a CFB carbonator while coal oxycombustion provides the energy required to
regenerate the sorbent. Part of the energy introduced into the calciner can be trans-
ferred to a new supercritical steam cycle to generate additional power. Several case
studies have been integrated with this steam cycle. Efficiency penalties, mainly associ-
ated with the energy consumption of the ASU, CO, compressor and auxiliaries, can be
as low as 7.5% p. of net efficiency when working with low-CaCOj3; make-up flows and
integrating the Ca looping with a cement plant that makes use of the spent sorbent.
The penalties increase to 8.3% p. when this possibility is not available. Operation
conditions aiming at minimum calciner size result in slightly higher-efficiency penal-
ties. © 2010 American Institute of Chemical Engineers AIChE J, 57: 2599-2607, 2011
Keywords: CO, capture, carbonation/calcination, energy integration, supercritical

cycle, thermal efficiency

Introduction

Fossil fuels account for 85% of total anthropogenic CO,
emissions. A large proportion (~25%) of these emissions
comes from coal combustion for thermal and electrical
energy production. Coal is expected to be a prominent fuel
for electricity production in the medium term' because it is
cheaper, easier to transport, and more abundant than oil and
natural gas. In addition, it is a widespread resource distrib-
uted all over the world.

CO, capture and storage (CCS) has been identified as a
potential technology to continue using fossil fuels in a CO,
emission constrained world.”> Among the different CCS tech-
nologies, postcombustion ones are the only options for the

Correspondence concerning this article should be addressed to I. Martinez at
imartinez@icb.csic.es.

© 2010 American Institute of Chemical Engineers
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retrofitting of existing power plants. Here, we refer to those
recently built or under construction, as those that are too old
and with low efficiency are not suitable for CCS.? In princi-
ple, the operation of a power plant with a postcombustion
capture system is not affected by the installation and opera-
tion of CCS system. Amine-based absorption processes have
been proven commercially for postcombustion CO, capture
systems,> although they still need some optimization and
scaling up. However, the energy needed for the monoetha-
nolamine regeneration step results in large inherent effi-
ciency penalties that contribute to make the process econom-
ically unattractive at present. For this reason, emerging post-
combustion technologies using alternative solvents or solid
sorbents” are under development.

This work focuses on the Ca looping system for CO, cap-
ture that was originally proposed by Shimizu et al.,* using
lime as CO,-sorbent. The system involves the separation of
CO, using the reversible carbonation reaction of CaO and
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Figure 1. Conceptual scheme of the Ca looping system
for CO, capture.

the calcination of CaCOj; to regenerate the sorbent. As can
be observed in the process scheme depicted in Figure 1, this
process takes place in two interconnected circulating fluid-
ized beds (calciner and carbonator) operating under atmos-
pheric pressure. Flue gases leaving the boiler of an existing
power plant are fed into the carbonation unit where the CO,
reacts with the CaO coming from the calciner to obtain
CaCOs. Solids from carbonator are sent back to the calcina-
tion unit where CaCOj; is again decomposed to form CaO,
which is recirculated to the carbonator, and CO, as a con-
centrated gas stream suitable for compression and storage.
Since a nearly pure CO, stream is needed from the calciner,
operation at high-temperature (~950°C) is required for calci-
nation, and oxyfuel combustion of coal can be used to sup-
ply the calcination energy. Much research has been reported
with respect to the sorbent performance®'> and the appropri-
ate operating conditions according to the energy required in
this capture system.]4 It has been demonstrated that a Ca
looping system involves a lower-efficiency penalty in the
existing plant than other CO, capture technologies.*!>~!”
The efficiency of the Ca looping system relies on the possi-
bility of recovering the energy introduced in the regeneration
step that is released at high-temperatures and can be used to
produce additional power in a new steam cycle. Highly inte-
grated systems between an existing power plant and the cap-
ture system have been described to minimize the efficiency
penalty, through an exergy analysis17 or, by reducing the
coal consumption of the original power plant resulting from
the integration of the energy from the Ca looping in the
existing steam cycle.'® Conversely to the integration
described in this work, the systems described in the literature
propose the modification of operating conditions in the
turbines and in the water heaters of the original power plant.

Few articles deal with the integration of a Ca looping sys-
tem into an existing power plant not involving operational
modifications that affect its functioning. In an initial work,
Romeo et al. (2008)" proposed the application of this cap-
ture system to a supercritical coal-fired power plant includ-
ing a new supercritical steam cycle, to take advantage of the
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heat released in the capture system and to produce additional
power output. It was proposed that the capture system varia-
bles should be fixed to achieve 85% CO, capture efficiency
with a CaO/CO, mol fraction of 5. These assumptions have
proven critical for defining the heat requirements in the
calciner and the overall performance of the system,'*!'®'®
and they are heavily interlinked with external variables such
as the make-up flow and the solid circulation rate between
reactors. Recently, mass and energy balances of a Ca loop-
ing system integrated with a supercritical steam cycle have
been solved by studying the economical impact of solids
purging on the tonne CO, avoided cost.”’ It was concluded
that the amount of purged material had great effect on the
cost of CO, avoided, and, although it was always competi-
tive with respect to other technologies, it was minimized by
working with low-purge streams.

The purpose of the present work is to determine the oper-
ating conditions in a Ca looping cycle that minimize the
energy penalty when this CO, capture system is imple-
mented in an existing subcritical coal-fired power plant with
36% net efficiency. Mass and energy balances of the Ca
looping system are solved and better linked, with more real-
istic models for the carbonator reactor to select the optimum
conditions for thermal integration with a new supercritical
steam cycle. An Aspen Hysys® model of the coal-fired sub-
critical power plant plus the capture system has been devel-
oped, and the efficiency penalty owing to the capture and
CO, compression system has been estimated as a function of
operating conditions.

Process Description
Capture system

The results presented in this article are steady-state simula-
tions referring to case studies where a coal-fired boiler of an
existing power plant is simulated together with a CO, capture
system. A subcritical power plant producing an output of 350
MW with a 36% net efficiency has been chosen as a refer-
ence. This power plant burns ~200 tonnes/h of coal with an
86.5% boiler thermal efficiency and an air excess of 15%.
After energy recovery, the exhaust gas is sent to an existing
desulfurization unit and finally to the CO, capture system
under typical stack conditions. Conversely to other capture
technologies, an advantage of the Ca looping system is that
the affinity of CaO toward sulfur compounds would make a
flue-gas desulfurization unit unnecessary before the CO, cap-
ture system. However, we assume in this work that the exist-
ing power plant is equipped with desulfurization equipment
that removes 90% of the SO, in the flue gas. Moreover, the
solids purged from the process, mainly consisting of deacti-
vated CaO and CaSQ,, could be used in the cement indus-
try21 as a raw material in clinker manufacture.

The characteristics of the flue gas that enters the carbona-
tion unit of the CO, capture system propelled by a forced
draft fan are shown in Table 1. The circulating fluidized bed
reactors corresponding to the carbonation and calcination
units are implemented in Aspen Hysys® as explained below.

Carbonator. The CO, coming from the existing power
plant is captured in this reactor by the CaO generated in the
calciner. It can be designed as a circulating fluidized bed
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Table 1. Description of the Flue Gas Generated in the
Existing Power Plant and the Coal Burnt in the Calciner

Flue Gas from Power Plant Coal in the Calciner

Mass Flow (kg/s) 446 Composition (%, wet basis)

Temperature (°C) 180 C 66.30
Pressure (kPa) 116 H 3.60
Composition (% vol) N 1.60

CO, 14.50 (0] 7.00
H,O 9.40 S 0.60
SO, 0.04 Ash 14.20
O, 2.50 Moisture 6.70
N> 73.50 LHV (MJ/kg) 25.27

reactor where part of the solids generated in the calciner at
950°C are fluidized by the flue-gas stream produced in the
existing power plant. This reactor operates at atmospheric
pressure and 650°C, because the CO, partial pressure in
equilibrium with the CaO is sufficiently low (1.22 kPa) to
achieve high-carbonation efficiency. A basic carbonator reac-
tor model that considers the instantaneous and perfect mix-
ing of the solids, the plug flow for the gas-phase in the reac-
tor and a gas—solid reaction model for the CaO particles22
has been implemented. Furthermore, this reactor model has
been improved by including a kinetic mechanistic model
based on Bathia and Perlmutter’s kinetic model.”> This
model considers that the carbonation reaction takes place in
two stages: an initial fast reaction stage controlled by chemi-
cal reaction and a second slower stage controlled by both
chemical reaction and CO, diffusion the product layer. This
model has been recently adapted to multiple reaction
cycles.'” To carry out the mass balance in the carbonator re-
actor, the residence time distribution of particles in the sys-
tem and the number of times that solids circulate between
reactors has been considered. The model also considers the
fact that, due to residence time and kinetics, the CaO par-
ticles may not achieve its maximum conversion on every
cycle. According to the results from a recent article that
refines the mass balances in the system from Figure 1, the
decay of CaO carbonation capacity with the number of
cycles is reduced when the sorbent is partially converted on
every cycle.24

CO, capture efficiencies of 70, 80, and 90% were estab-
lished as an objective for this unit in the different simula-
tions. The carbonation reactor model has two independent
variables that need to be changed to provide a given CO,
capture efficiency. The first independent variable is the CaO
inventory in the reactor, which affects the residence time
distribution of the particles in the system and, subsequently,
the carbonation conversion reached. The second independent
variable is the fresh CaCO; make-up flow introduced in the
calciner to maintain the CaO particle activity in the system.
This variable determines the solid circulation rate between
reactors that is needed to achieve the desired carbonation
efficiency.

Calciner. The aim of this reactor is to calcine the CaCO;
formed in the carbonation unit and the CaCO3 coming from
the fresh make-up flow. This reactor could be designed as a
circulating fluidized bed reactor operating at atmospheric
pressure and 950°C to ensure total CaCO;5 calcination even
under a rich CO, atmosphere (equilibrium partial pressure of
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CO; on CaO at 950°C corresponds to 196 kPa). The calciner
is implemented in the simulation model as a conversion re-
actor operating adiabatically, where total CaCO; calcination
is achieved. To supply the energy needed to regenerate the
sorbent and to heat the solids coming from the carbonator at
650°C, a typical South African coal is burnt in the calciner.
The coal composition and its lower-heating value are shown
in Table 1. Despite the low-sulfur content of the coal burnt
in the calciner and the desulfurization unit operating at the
existing power plant, a minimum flow of CaCO;3 has to be
supplied to the system to react with the SO, from coal com-
bustion in the calciner and the SO, from the flue gas in the
carbonator. To calculate the molar flow of this extra CaCOs,
a molar Ca/S ratio of 3 has been considered. This stream is
fed to the calciner together with the fresh CaCOj3; make-up
flow considered above. Furthermore, it has been assumed
that 40% of the coal ash is separated as fly ash in the
calciner secondary cyclones containing 5% unburned mate-
rial. The gas stream that leaves the calciner has a high-CO,
concentration, as the calciner operates as an oxyfuel combus-
tor considering a 5% of combustion excess O, with respect
to the stoichiometric in the combustion reaction. Part of the
rich CO, stream obtained as product is split and recirculated,
maintaining 25% O, in the gas-inlet stream. The CO,-rich
gas stream that leaves the calciner is cooled down to
~150°C, which allows an energy recovery stage to be imple-
mented. This stream is subsequently split into the fluidizing
CO, and the CO, that goes to the purification and compres-
sion stage (see Figure 1). To prevent ash and deactivated
sorbent accumulation in the system, a solid purge is per-
formed in the calciner depending on the fresh CaCO; feed.
This purge consists mainly of CaO and CaSOj,.

Mass and energy balances to the CO, capture system
described above for carbonation efficiencies (E.) of 70, 80,
and 90% have been solved. To solve these balances, the
CaO in the carbonator is fixed between 1500 and 2000
kg/m?, with a flue-gas flow rate of 6 m/s through the carbo-
nator reactor, corresponding to an average solids residence
time of 2 min depending on the solid circulation rates
between reactors.

Figure 2 shows the results from these mass and energy
balances, where every point on the curves would correspond
to a given set of operating conditions in the CO, capture
system. These operating conditions have been represented in
terms of the fresh CaCOj; make-up flow in the calciner
(varying between 0.2 and 0.8 tonne of CaCOs/tonne of coal
in the whole system—existing power plant plus capture sys-
tem) and the ratio between the chemical energy introduced
with the coal in the calciner and in the whole system [H. ./
(Hea + Heomp)]. The solid circulation rate between reactors
has been adjusted to maintain the desired carbonation effi-
ciency (E.). The ratio H.,/(Hea + Heomp) has been calcu-
lated considering the chemical energy based on the lower-
heating value of the coal.

It can be observed that there is a minimum consumption
of coal in the calciner corresponding to a minimum calciner
size that sets the limit between sorbent activity maintained
with high-CaCO; make-up flow or with high-solid circula-
tion rates between reactors. These coal and CaCO3 consump-
tions allow different strategies of design and operation,
depending on the parameter to be optimized: the calciner
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Figure 2. Energy fraction consumption in the calciner
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CaCO3; make-up flow and carbonation effi-

ciencies (E.) in the Ca looping system.

size or the fresh sorbent consumption. Three sets of operat-
ing conditions have been chosen for every carbonation
efficiencies in Figure 2 to be integrated with the new super-
critical steam cycle explained below. Specifically, those cor-
responding to the minimum calciner size (points 1, 2, and 3
in Figure 2) and two different settings corresponding to low-
consumption of fresh CaCO; (Fo/Fco, = 0.10; points 4, 5,
and 6 in Figure 2) and high-CaCO; consumption conditions
(Fo/Fco, = 0.35; points 7 and 8 in Figure 2). The operation
conditions selected will yield different energy availability
distributions in the capture system that will determine the
way to optimize the energy integration with the new super-
critical steam cycle.

Thermal integration

As the Ca looping cycle works at high-temperature, it is
possible to recover most of the energy of the gas and solids
streams to produce superheated steam at 600°C and 28,000
kPa and generate additional power in a new supercritical
steam cycle. Part of this additional power can be used to
drive the air separation unit and the CO, compressor and,
thereby, reduce the energy penalty caused by the capture
process. The new steam turbine is comprised of two high-
pressure bodies, two intermediate pressure bodies, a low-
pressure body with five stages, and an auxiliary turbine to
provide the energy for the cycle main pump. The detailed
operating conditions of the steam turbine have been adopted
from Romeo et al.'® The heat requirements in the steam
cycle are located in six zones depending on the temperature
range: economizer, steam generator, superheater, reheater,
and high-pressure and low-pressure water heaters. In a con-
ventional system, all the energy that has to be transferred to
the steam side in this equipment is generated in the boiler.
However, because of the intrinsic characteristics of the Ca
looping cycle, the conventional arrangement for energy re-
covery should be substituted by dispersed heat recovery sys-
tems. Therefore, significant differences were introduced with
respect to conventional steam cycles. For example, to
recover most of the energy available in the capture system,
the economizer was separated into two stages (high- and
low-temperature stages), and the steam bleeds, which feed
the water heaters, were closed whenever possible. 600°C is
the highest temperature of the steam cycle and is found
in the superheater and the reheater where steam is heated

2602 DOI 10.1002/aic

Published on behalf of the AIChE

from 415°C and from 325°C, respectively. The economizer
heats the water from 280 to 400°C, and the steam generator
operates at temperatures between 400 and 415°C.

The energy sources in the Ca looping system that can be
integrated with the supercritical steam cycle are the follow-
ing:

(1) The concentrated CO, stream that leaves the calciner
at 950°C, which can be cooled down to 150°C before being
split.

(2) The energy that can be recovered in the carbonator as
a result of the carbonation reaction and the cooling of the
solids coming from the calciner at 950°C.

(3) The gas with a low-CO, content that leaves the carbo-
nator at 650°C, which can be cooled down to 100-120°C
before being sent to the stack.

(4) The CO, stream that goes to the purification and com-
pression stages, which can be cooled down to 80°C before
the water condensation stage.

(5) The solid purge from the calciner at 950°C, which can
be cooled down before disposal or use as cement precursor.

The aim of all energy integrations proposed in this work
has been to maximize the steam generation for the purpose
of maintaining a temperature of 600°C for the steam side in
the superheater and reheater. Heats recovered from the CO,-
rich stream in the calciner and from the carbonator represent
the main energy inputs for the steam cycle. Both energy
streams are suitable to be integrated into the superheater and
reheater owing to their high-temperature energy availability.
The energy requirements in the superheater exceeded, in
almost all the simulated cases, the energy available in the
carbonator. Therefore, the configuration that this work pro-
poses consists of introducing in the superheater the energy
available in the COj-rich stream (Qyich co,), according to
heat exchanger temperature levels. Then, the energy from
the carbonator (Qcarbonator) Will be split for introduction into
the one-through steam generator (boiler) and into the
reheater. The energy share-out between these two pieces of
equipment will lead to a certain amount of steam in the
cycle. So, if 600°C is maintained in the reheater, the steam
in the cycle will be maximized to gain as much efficiency as
possible.

The remaining energy still available in the CO,-rich stream
(after its integration with the superheater) will be used in the
high-temperature stage in the economizer. Energy in the gas
leaving the carbonator at 650°C (Qciean gas) 1S integrated in
the low-temperature stage into the economizer, where it is
cooled down to 300°C. The outlet temperature of the clean
gas in the first economizer will be always the same to main-
tain 20°C difference between the temperature of this stream
and the temperature of the water incoming, the economizer.
Therefore, the steam generated in the boiler will determine
the energy needed in the second stage in the economizer and
the temperature level for the remaining energy streams.

Figure 3 shows the basic thermal integration proposed for
the CO, capture system with the new supercritical steam
cycle. This basic energy integration was applied in all the
selected operating conditions and was modified as needed
according to the energy availability in the capture system. In
some cases, it was necessary to implement a second super-
heater or second boiler, as will be explained in the simula-
tion results.
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Figure 3. Reference thermal integration between the Ca looping system and the supercritical steam cycle (Cases

2, 3, and 4 from Figure 2).

Once the main energy fluxes are integrated following the
layout represented in Figure 3, the number of turbine steam
bleeds is reduced by using the residual energy remaining in
the CO, capture system. There will be low-temperature
energy available in the CO,-rich stream, the CO,-rich stream
to purification, in the clean gas stream and in the solids
purge. Depending on this energy availability, the number of
steam bleeds in the steam turbine can be reduced.

Simulation results

The thermal integration strategy described above was
applied to the selected operating conditions. The steam flow
was maximized to maintain as high-efficiency as possible.
To achieve this objective, it was necessary to introduce mod-
ifications in some cases with respect to the baseline integra-
tion proposed in Figure 3.

Although energy availability is different depending on the
established carbonation efficiency and operation conditions,
it should be highlighted that the energy in the CO,-rich
stream (Qrich co, in Figure 3) remains between 35 and 37%
of the total energy input to the calciner in all of the condi-

(a ) Reheater

Qcarbonator

32 33 %

Qclean gas
650°C

Economizer |
300°C

7 (b)

tions studied. For identical values of capture efficiency, Qi
co, strongly depends on the CaCO3; make-up flow owing to
the additional CO, released during its calcination, and the
CO, released from the additional coal used in the calciner to
drive the calcination of the make-up flow.

On the other hand, the energy generated in the carbonator
(Qcarbonator In Figure 3) is between 20 and 35% of the energy
input of the calciner, depending on carbonation efficiency
and the flow of hot solids recirculated from the calciner. As
carbonation efficiencies are always going to be high
(between 70 to 90% in this work), solid circulation is the
main variable determining the heat output from the carbona-
tor. This solid flow is inversely proportional to the average
activity of the sorbent material, which is in turn affected by
the value of the limestone make-up flow. Therefore, low-
make-up flow values translate into higher-solid circulation
rates between reactors and higher-energy output in the carbo-
nator. In these conditions, for the different cases studied in
Figure 2, the Qyich co,/Ocarbonator €an be between 1.6 and 1.9
for high-make-up flows from limestone and only ~1.0 when
low-make-up flows are used in the system. These ratios have
been found to have great influence on the final thermal
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Qrich CO2 Superheater

-  Qcarbonator 950°C = : p
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Boiler 2
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Figure 4. Detail of the thermal integrations proposed: (a) for the Cases 5 and 6 in Figure 2; (b) for the Cases 1, 7,

and 8 in Figure 2.
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Figure 5. Diagram of the areas of application of the ther-
mal integrations proposed as a function of the
operational conditions of the Ca looping sys-
tem. 5t for the simulation cases are included.

energy integration between the energy sources of the CO,
capture system and the new supercritical steam cycle.

When this ratio is in the range of 1.4-1.8, no changes are
needed in the reference thermal integration scheme adopted
(Figure 3). Points 2, 3, and 4 represented in Figure 2 corre-
spond to this baseline integration scheme.

Values of the ratio QOrich c0o,/Ocarbonator between 1.0 and
1.2 represent higher-energy disposal in the carbonator with
respect to the CO,-rich stream, because of either higher-solid
circulation rates between reactors or higher-carbonation effi-
ciency. The energy required in the superheater (supplied by
the Qrich co,) is four times the energy required in the boiler.
Therefore, the CO,-rich stream limits the energy from the
carbonator that can be integrated in the boiler. In this way,
once the baseline thermal integration has been implemented,
energy excess remains in the carbonator and the steam flow
can be increased by implementing a second superheater, as it
can be seen in Figure 4a. This thermal integration corre-
sponds to points 5 and 6 in Figure 2.

Values of the ratio QOrich co,/Qcarbonator higher than 1.8
imply that the excess energy in the CO,-rich stream is so
high with respect to the energy in the carbonator that, when
applying the baseline thermal integration from Figure 3,
there is an important energy excess in this stream. Points 1,

7, and 8 represent this situation. In these cases, this energy
excess in the CO,-rich stream is used to generate additional
steam in a second steam generator according to Figure 4b.

In Figure 5, different zones (I, II, and III) are represented
that show the limits of applicability for the different thermal
integrations proposed, according to the ratio Qrich co,/Ocarbonator-
In short, it can be observed that there is a link between the
energy available in the capture system, as a function of its
operating conditions, and the optimum thermal integration cor-
responding to the highest-thermal efficiency.

Additional power is generated as a result of thermal inte-
gration between the CO, capture plant and the supercritical
steam cycle. The gross power output of the system compris-
ing the existing power plant and the Ca looping system was
calculated according to Eq. 1

n o Wexisting plant + Wsupercritica] cycle (1)
ross —
¢ H cal T H comb

Wexisting plant and Wsupercritical cycle are the net power OU'tPU't
of the subcritical steam cycle and the new supercritical
steam cycle, (accounting the energy consumption of the
forced draft fans of the Ca looping cycle), respectively. An
efficiency of 100% has been assumed for electricity conver-
sion. H.y and H.oy, represent the chemical energy intro-
duced in the whole system.

The main energy penalty associated with the CO, capture
system, once the energy sources are integrated in the steam
cycle, is the energy required to drive the calcination of the
fresh sorbent. As mentioned in the process description section,
the spent sorbent purged in this process could be used in the
cement industry as raw material for clinker manufacture. In
this case, the energy associated with the calcination of the
CaCOgs in this purged material would be saved. These savings,
H_qr,, (calculated as the product of the calcium molar flow in
the purge and the calcination energy) should be discounted
from the chemical energy introduced in the whole system.
This results in an improved gross thermal efficiency #;_gross,
calculated by means of Eq. 2, which is compiled in Table 2.

Table 2. Thermal Efficiencies, Energy Penalties, and Main Consumptions in the Simulation Cases from Figure 2

Ni-gross (%) WASU M/CO2 compressor Mnet (%) Nret (%) Penalties Cement
Case in Figure 2 (Eq. 2) (MW,) (MW,) (Eq. 3) (Eq. 4) Synergy (% p.)
E. 70%
4—0.26 t of CaCO3 make-up 40.1 50 66 33.1 40.6 7.5
flow/t of coal
1—0.38 t of CaCO5; make-up 38.5 46 63 31.7 40.4 8.7
flow/t of coal
E. 80%
5—0.25 t of CaCO3 make-up 40.8 59 75 33.2 40.9 7.7
flow/t of coal
2—0.45 t of CaCO3 make-up 39.1 53 74 31.7 40.7 9.0
flow/t of coal
7—0.78 t of CaCO3 make-up 38.3 57 83 30.3 40.9 10.6
flow/t of coal
E. 90%
6—0.23 t of CaCO; make-up 41.5 74 90 33.4 41.4 8.0
flow/t of coal
3—0.55 t of CaCO5; make-up 39.9 61 85 31.9 41.0 9.1
flow/t of coal
8—0.75 t of CaCO; make-up 39.1 63 90 30.7 41.1 10.4

flow/t of coal
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n _ Wexisting plant + Wsupercrilicalcycle (2)
i—gross —
& Hcal + Hcomb - HcalFo

The highest thermal efficiencies were obtained for the
cases with lowest make-up flow, points 4, 5, and 6 in Figure
2. In these cases, where the modest activity of the sorbent is
compensated by high-solids flow between reactors to main-
tain the desired carbonation efficiency (E.), heat recovery
from the gas and solids streams was more efficient. Differen-
ces in thermal efficiencies for the simulation cases are
related with penalties associated with the energy in the
streams leaving the capture cycle that cannot be further inte-
grated in the steam cycle owing to either low-temperature or

Wexisting plant + Wsupercritical cycle — WASU - WC02 compressor

low-flow. These penalties will take place mainly in the CO,
stream that goes to purification, the low-CO, content gas
that goes to the stack and in the purge.

To calculate the net thermal efficiency of the system com-
prised of the existing power plant and the Ca looping system
integrated with a new supercritical steam cycle, it is neces-
sary to include the energy consumed by the air separation
unit, Wsy, considering a specific energy consumption of
160 kWh/tonne O;** the energy consumed by the CO, com-
pressor stage, Wco, compressor» CONsidering a specific energy
consumption of 100 kWh/tonne CO,*> and the usual power
plant auxiliaries, W uxitiariess (3% of the gross power output
of the new supercritical steam cyclelg) and new fans needed
for solids circulation. This is calculated according to Eq. 3.

nnet -

The net thermal efficiencies of the simulation cases
(included in Table 2) oscillate between 30.3 and 33.4%.
These thermal efficiencies were calculated with state of the
art major pieces of equipment such as the ASU or the CO,
compressor, which are common in other CO, capture sys-
tems (like oxy-fired systems). Any future improvements in
their energy consumption will also improve the efficiencies
claimed in this work. In particular, it should be highlighted
that the Ca looping system described in this article will ben-
efit the fast development that is expected for oxy-CFB tech-
nology,26 which is an enabling technology for the Ca loop-
ing process described in this work.

Simulation cases with the highest CaCO3; make-up flow
and low-circulation between reactors yield the lowest ther-
mal efficiency (~30% for every E.). As can be observed,
low-CaCO3; make-up flow values maximize the net thermal
efficiency of the system, which is ~33.2%. These maximums
are related with the higher-heat recovery from the gas and
solid streams that maximize the net power output (range
from 445 to 678 MW) when integrated in the new supercriti-
cal steam cycle.

Optimum capture system operating conditions from the
point of view of thermal efficiency would comprise a CaCO;
make-up flow between that required for minimum calciner
size conditions (representing ~6% of purge material in
weight of the solids circulating to the carbonator) and the
minimum CaCOj3; make-up flow in this work (Fo/Fco, = 0.1,
representing a purge stream between 1 and 2% in weight of
the solids circulating to the carbonator). These results are in
agreement with Romeo et al.>° who recommended avoiding
operating conditions with low-recirculation rates and purge
percentages over 5% to optimize the cost per tonne of CO,
avoided. That work concludes that minimum tonne CO,
avoided cost is achieved when a molar CaO/CO, ratio of 5
and a purge percentage of 1.5% are chosen. Further reduc-
tions in the CaCO3; make-up flow in the system (see curves
in Figure 2) will significantly increase coal needs in the
calciner, resulting in higher ASU and CO, compression con-
sumption that would negatively affect the thermal efficiency
obtained. Purge streams representing the 1-2% or as high as
5% of the solids from the calciner are still competitive in
terms of CO, avoided cost for Ca looping systems based on
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Wauxilia.ries (3)

Hcal + chmb - Hca/Fo

natural sorbents. The use of more expensive synthetic sorb-
ents reduce the optimum purged material well below 1%.%’
In this case, the amount of inert material in the Ca looping
system (ash and deactivated sorbent) would dramatically
increase the energy requirements in the calciner when intro-
ducing coal to drive sorbent calcination.

ASU and CO, compression energy consumption are com-
piled in Table 2. Simulation cases corresponding to mini-
mum calciner size always represent the lowest energy
requirements in the ASU and in the CO, compressor. High-
CaCO; make-up flow results in higher-compression con-
sumption, especially when compared between operating con-
ditions that require a similar amount of coal introduced in
the calciner (Cases 5 and 7 in Figure 2). On the other hand,
the cases with the lowest CaCO3; make-up flow require the
highest coal consumption for a given CO, capture efficiency,
and, therefore, present the highest ASU consumption. To put
these consumptions levels into context with other CO, cap-
ture technologies that also require an ASU as oxy-combus-
tion technologies, it should be pointed out that a stand-alone
oxy-fired power plant aiming to avoid the amount of CO,
coming from both, the existing power plant and the CFB-
calciner would require almost double ASU consumption.

Under the above defined operating conditions, two differ-
ent operation strategies can be followed to optimize the ther-
mal efficiency of the system. The CO, capture system can
be designed to operate close to minimum calciner size; this
requires an ASU providing O, from 286 to 378 tonnes/h.
Under those conditions, solid inventory in the carbonator
would be ~1500 kg,/m2 and solid circulation rates between
6.5 and 7.6 kg/m2 s. On the other hand, the system could be
designed to operate with a low-CaCO; make-up flow that
would require oxygen production between 316 to 466 tonnes
O,/h. Solids inventory in the carbonator would be ~1700
kg/m? and the solid circulation rate (entering the carbonator)
would be between 9.3 and 16.8 kg/mz-s as the carbonation
efficiency increases.

To evaluate energy penalties associated with the capture
system, a reference plant consisting of the existing subcriti-
cal power station and a new hypothetical supercritical power
plant with the same fuel input as the calciner is considered.
It is assumed that the efficiency for the subcritical plant is

DOI 10.1002/aic 2605



36%, for the supercritical plant is 45%,' and the combined
efficiency of the whole system is calculated according to Eq.
4. The results obtained for the reference efficiency are com-
piled in Table 2.

Hca] Hcomb
— x45+——"—x36 4
Hcal + Hcomb Hcal + Hcomb

Nref (%) =
Therefore, the energy penalties with respect to the refer-
ence plant considered, show values of ~7.5% p. for mini-
mum CaCOj; make-up flow and around 9% p. for minimum
calciner size conditions. These penalties were obtained con-
sidering the integration of the system with a cement produc-
tion plant. If this integration does not take place, the effi-
ciency penalties increase and the range oscillates between
8.3 and 10.3% p.

The discussion in this article is based on a subcritical ref-
erence plant. However, as the only link between the existing
plant and the Ca-looping system is the flue-gas stream, the
same thermal integration proposed would apply to a refer-
ence system based on a supercritical power plant consuming
the same amount of coal but generating power with a 45%
net efficiency. In this case, the 7. in Eq. 4 for the whole
system would be also 45% and 1, from Eq. 3 would be
comprised between 34.6 and 36.9%.

Conclusions

The energy sources from a calcium looping system
(understood as energy in the gas and solid streams leaving
the system) can be integrated into a supercritical steam cycle
to produce additional power output. The thermal integration
of these energy sources with the equipments in the steam
cycle is strongly linked with the operating conditions of the
capture system. It has been observed that the energy con-
tained in the gas stream leaving the calciner (Oyich co,) rep-
resents a rather constant fraction of the total energy intro-
duced into the Ca looping system (between 35 and 37% of
H_.a). On the other hand, the energy available in the carbo-
nation unit strongly depends on the operating conditions of
the capture system (from 20 to 35% of H.,). The ratio
between these two energy streams Qrich co, /Qcary has been
found to be very important for determining the thermal inte-
gration of the Ca looping system and the steam cycle. Oper-
ating conditions that present the ratio between 1.4 and 1.8
(corresponding to minimum calciner size) integrate the Qicp
co, with the superheater and Qcarponator 15 shared out between
the boiler and reheater. High-CaCO3; make-up flow condi-
tions (ratio Qiich co, /Qcarp Over 1.8) present an excess CO,-
rich stream with respect to the energy in the carbonator.
This energy excess is integrated with a second boiler.
Finally, low-CaCO3 make-up flow conditions results in ratios
Orich co, /Qcary between 1.0 and 1.2. In these cases, the
energy in the carbonator exceeds the energy in the CO,
stream and a second reheater is implemented with respect to
the baseline case.

The thermal efficiency of the system comprising the exist-
ing power plant and the Ca looping system integrated with a
new supercritical steam cycle has been calculated. The
results obtained show that heat recovery from gas and solids
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streams is more efficient for the cases with the lowest
CaCO; make-up flow. The net thermal efficiencies of the
simulated cases range between 30.3 and 33.4% when the
synergy between the Ca looping system and a cement plant
is considered. With state of the art components, efficiency
penalties can be as low as 7.5% p. of net efficiency with
respect to the defined reference plant when working with
low-CaCO; make-up flows. Operating conditions close to
minimum calciner size result in slightly higher penalties of
~9% p. A major source of the penalty in this Ca looping
system is the energy consumption of the ASU required to
operate the calciner. This is, however, about half the size of
the ASU of an equivalent stand-alone oxy-fired system. Any
improvement on O, generation or CO, compression technol-
ogies will also directly benefit the efficiencies of the calcium
looping system described in this work.
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Notation

E. = CO, capture efficiency in the carbonator
Fo = fresh CaCO5; molar make-up flow, mol/s
Fco, = CO, molar flow entering the carbonation reactor,
mol/s
Fca,o = CaO molar flow circulating between calciner and
carbonator, mol/s
H_., = chemical energy introduced with the coal (based on
coal lower-heating value) in the calciner unit, MW
Hqr, = chemical energy associated with the calcination of
the calcium in the solid purge, MW
Homp = chemical energy introduced with the coal (based on
coal lower-heating value) in the reference plant, MW
Qcarbonator = energy available in the carbonator, MW
Qclean gas = €nergy available in the gas stream from the
carbonator, MW
Orich co, = energy available in the rich CO, gas stream from
the calciner, MW
= net power output of the subcritical steam cycle steam
cycle, MW
= net power output of the new supercritical steam
cycle understood as MW produced in the steam
turbines minus pumps and fans consumptions
ASU energy consumption, MW
auxiliaries energy consumption, MW
compressor energy consumption, MW

Wexisling plant

Wsupercrilical cycle

Wasu

Wauxiliaries

VVCO2 compressor

Greek letters

n = thermal efficiency
gross = gross thermal efficiency (according to Eq. 1)
i-gross = improved gross thermal efficiency (according to Eq.
2)
net = net thermal efficiency (according to Eq. 3)
ref = thermal efficiency of the reference plant (according
to Eq. 4)
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In this work, the Aspen Hysys conceptual design of a new process for energy generation at large scale
with implicit CO, capture is presented. This process makes use of the CaO capability for CO, capture at
high temperature and the possibility of regenerating this sorbent working in interconnected fluidised
bed reactors operating at different temperatures. The proposed process has the advantage of producing
power with minimum CO, emissions and very low energy penalties compared with similar air-based
combustion power plants. In this system, five main parts can be distinguished: the combustor where coal
is burnt with air, the calciner where the fresh and the recycled CaCOs is calcined, the carbonator where
the CO, produced in the combustor is captured, the supercritical steam cycle and the CO, compression
system. In this arrangement, the three fluidised bed reactors are interconnected in such a way that it is
possible to perform the CaCOs5 calcination at a temperature of 950 °C with the energy transported by a
hot solid stream produced in the circulating fluidised bed combustor operating at 1030°C. The stream
rich in CaO produced in the calciner is split into three parts. One of them is transported to the carbonator
operating at 650 °C where most of the CO, in the flue gas produced in the combustor is captured. The
second one is sent to the combustor, where it is heated up and used as energy carrier. The third solid
stream that leaves the calciner is a purge in order to maintain the capture system activity and to avoid
inert material accumulation. Because of the high temperatures involved in all the system, it is possible to
recover most of the energy in the fuel and to produce power in a supercritical steam cycle. A case study is
presented and it is demonstrated that under these operating conditions, 90% CO, capture efficiency can
be achieved with no energy penalty further than the one originated in the CO, compression system.

© 2010 Elsevier Ltd. All rights reserved.

Keywords:
CO, capture
Calcium looping

1. Introduction

CO, capture and storage has been recognised as a mitigation
option in the portfolio of actions for the stabilisation of greenhouse
gas concentration while allowing for the continued use of fossil
fuels (Metz et al., 2005). Commercial capture technologies that are
already operating in the gas, oil and chemical industries could be
adapted for the CO, capture in flue gases from fossil fuel power
plants at a reasonable cost (30-50 $/t CO, avoided). However, it is
widely accepted that there is need for large reductions in the CO,
capture costs and energy efficiency penalties, driving forces of R&D
in these emerging technologies.

One promising means of CO, capture for coal based power plants
is to use a lime carbonation-calcination cycle (carbonate or cal-
cium looping). This process was originally proposed by Shimizu et

* Corresponding author.
E-mail addresses: ramonm@icb.csic.es (R. Murillo), gga@icb.csic.es (G. Grasa),
abanades@incar.csic.es (J.C. Abanades).

1750-5836/$ - see front matter © 2010 Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijggc.2010.04.017

al. (1999), and makes use of the carbonation reaction of Ca0, and
the later calcination of the CaCO3 formed to capture CO, from com-
bustion flue gases. Basically, in a calcium looping postcombustion
system, a flue gas stream enters a circulating fluidised bed reactor
working at 600-700 °C, the carbonator, and meets a CaO flux. CO,
reacts with CaO to form CaCOs, and the solids stream (mainly CaCO3
and non-reacted Ca0) exiting this reactor is circulated to a second
reactor (calciner or regenerator) where thanks to an external heat
source the CaCO3 decomposes into CaO ready toreact in the carbon-
ator and a CO, concentrated stream suitable for further purification,
compression and storage. Different configurations for the calcium
looping appear depending on the way that the heat source to drive
the endothermic calcination reaction is supplied to the calciner unit
(Abanades et al., 2005). This calciner unit always requires a relevant
fraction of the total energy entering the system in order to heat up to
the calciner temperatures the incoming gas and solid streams, and
to drive the calcination reaction (Rodriguez et al., 2008a,b). How-
ever, the energy introduced leaves the system in mass streams at
high temperature (T>900°C) or it is recovered as carbonation heat
in the carbonator (around 650 °C), driving a high-efficiency steam
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Fig. 1. Process scheme that includes the three interconnected reactors and the main
process streams in the calcium looping system proposed. The compositions of the
main streams of solids are also included.

cycle (Romeo et al., 2006). Therefore, the main characteristic of the
calcium looping technologies is the generation of additional power
from the various high-temperature sources in the system. Nowa-
days, the most developed calcium looping configuration includes
the calcination of the sorbent by oxy-combustion of an auxiliary
fuel in the calciner. This configuration relies on the use of circulat-
ing fluidised beds (for both the carbonator and calciner units) that
are commercially established reactors at large scale, and on the high
interest on the development of oxy-fuel combusted fluidised bed
technology (Jia et al., 2007). These two factors may allow for the
fast development of this technology, making feasible its scaling-up
in the short to medium terms. A simple economic analysis carried
out to the process based on cost data of the different blocks in the
capture system (existing combustion plant, oxy-fired calciner and
carbonator unit) showed that there is a clear scope for a break-
through in capture cost to around 70% of the CO, avoided cost of
the equivalent stand alone oxy-fired system (Abanades et al., 2007).
The integration, in an existing plant, of this CO, capture technology
linked to a new supercritical steam cycle would allow generating
additional power with an estimated 26.7% efficiency respect to the
LHV coal input to the calciner after accounting for all the penalties
in the overall system (Romeo et al., 2008).

In order to further reduce the efficiency penalties associated
to the calcium looping configuration that includes oxy-fuel com-
bustion in the calciner, that is mainly related with the energy
consumption in the Air Separation Unit (and to eliminate the asso-
ciated costs of this unit), calcination driven by heat carriers was
also proposed (Abanades et al., 2005). This alternative of the cal-
cium looping is depicted in Fig. 1. The system would consist of
three interconnected fluidised bed reactors, and the calcination
of the CaCO3 formed in the carbonator unit is carried out thanks
to the heat flow introduced in the calciner unit by a stream of
solids (mainly CaO) that is circulated from the combustor (working
at high temperature >1000°C) to the calciner unit. This calcina-
tion method (based on the use of heat carriers) has also been
proposed to integrate a system to capture the CO, arising from
the calcination of limestone in cement production (Rodriguez et
al.,, 2008a,b). The main objective of the work presented in this
paper is to integrate the new arrangement of the calcium loop-
ing (calcination driven by heat carriers) with a supercritical steam
cycle to prove the expected low energy penalties associated to this
configuration.

2. Process description

The overall aim of the new process consists in generating power
atlarge scale while producing a concentrated stream of CO, suitable
for permanent geological storage. This is achieved with a combus-
tion system made up of a new arrangement of three interconnected
fluidised bed reactors (see Fig. 1), a supercritical steam cycle and a
CO, purification and compression unit. State of the art equipments
can be used and no new special mechanical or material designs
have to be performed in the individual units. The first fluidised bed
reactor will work as a high temperature fuel combustor, the second
as a limestone calciner and the third as a lime carbonator for CO,
capture. Any solid fossil or renewable feedstock with medium to
high calorific value can be used as fuel whenever it can be burnt at
high temperature (atleast between 975 °Cand 1050 °C) without ash
melting or agglomeration. CaO is used to capture the generated CO,
at the modest temperatures in the carbonator. Despite the decay
in activity of CaO derived from natural limestones as regenerable
CO, sorbent (Grasa and Abanades, 2006; Sun et al., 2008a), it has
been proved to be a suitable low cost sorbent at high temperature
with moderate capture capacity (Anthony, 2008) and fast kinetics
(Sun et al., 2008b; Grasa et al., 2009). It has been demonstrated
that this material can be regenerated and used many times in suc-
cessive carbonation-calcination cycles before its disposal (Grasa
and Abanades, 2006; Sun et al., 2008a) and several routes to even
improve this sorbent performance (sorbent thermal pre-treatment
or steam hydration as examples) are under investigation (Anthony,
2008).

From the power generation perspective, the main difference of
the calcium looping process proposed in this paper with respect
to the conventional combustion power generation systems with
similar fuels is that there are two energy sources (the combus-
tor and the carbonator), one energy sink (the calciner) and several
solid and gas hot streams. All these elements have to be integrated
in a suitable form in order to achieve similar thermal efficiencies
to the obtained in conventional systems. The main advantage of
this process compared with other processes for power generation
with CO, capture lies in the availability of high quality heat flows
and the lack of large efficiency penalties other than purification
and compression. In comparison with other Calcium looping pro-
cesses (Shimizu et al.,, 1999), there is no need of air separation
unit neither to perform the fuel combustion, nor to regenerate
the sorbent. Essentially, this process utilises a solid stream mainly
comprised of CaO and fuel ashes as energy carrier to carry out
the sorbent calcination. The absence of air separation unit and
the appropriate energy integration makes this process an effi-
cient way of power generation with low CO, emissions since, as
it is demonstrated in the next sections, the only relevant energy
penalty will be the corresponding to the CO, purification and
compression.

The results presented in this paper are steady state simulations
performed with the commercial process simulator Aspen Hysys and
they are referred to a case study where 1 GW of a typical South
African coal is burnt in a circulating fluidised bed combustor. The
coal proximate and ultimate analyses together with the calorific
value are shown in Table 1. The most relevant parts of the process
are:

1. Circulating fluidised bed combustor (CFBC). In this reactor two
simultaneous chemical reactions are taking place: coal combus-
tion in air and CaO sulphation with the sulphur content in the
coal. This second reaction is not critical for the purpose of the
process because SO, capture by CaO could also take place in
downstream in the carbonator conditions. However, SO, reten-
tion has been shown to be effective up to 1050 °C, according to
Anthony et al. (1987). The CFBC has been modelled as a con-
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Table 1
Analysis of a typical South African coal (‘ar’ means ‘as received’ basis).
% C (ar) 65.06
% H (ar) 3.37
% N (ar) 1.65
% O (ar) 8.19
%S (ar) 0.38
% Ash (ar) 13.84
% Moisture (ar) 7.51
Low heating value (MJ/kg) 25.88

version reactor where the coal is burnt completely with 15%
of air excess and all the generated SO, is captured by the CaO.
Three streams are fed to the combustor according to the arrange-
ment shown in Fig. 1: fuel (25°C), preheated air (400°C) and
a recycled stream coming from the calciner (calcined material)
at 950°C and comprised of CaO (79.8 wt%), ash (16.9 wt%) and
CaS04 (3.3 wt%). The combustor operates at 1030°C and under
atmospheric pressure. The combustor outlet is separated into gas
and solid streams. Before the flue gas stream is directed to the
carbonator, two energy recovery stages are proposed so that the
final gas temperature entering the carbonator is 380 °C. The high
temperature solid stream that leaves the CFBC is directed to the
calciner transporting the required energy for CaCOs3 calcination.
The composition of this stream is similar to the composition of
the calcined material because, as it is explained when describing
the calciner unit, the fraction of solids circulating between the
calciner unit and the combustor is around 10 times higher than
the one circulating between the calciner and the carbonator unit.
According to the calculations performed for the particular case
study chosen in the present work, the energy transferred to the
calciner is 66.3% of the total energy input to the CFBC, 16.7% is
recovered directly in the steam cycle in a reheater and the rest
of the energy is used for fuel and air preheating. This is the main
difference of this combustor compared with conventional CFBCs
where approximately between 85% and 90% of the energy input
as fuel is transferred directly to the steam cycle. However, as
shown below, the large flow of energy not directly transferred
from the CFBC to the steam cycle, is effectively transferred to the
steam cycle at a later stage.

. Calciner. The aim of this equipment consists of calcining the
CaCOs3 that comes with the solid stream that leaves the carbon-
ator (see Fig. 1) and from the sorbent make up flow. This reactor
could be designed as a circulating or a bubbling fluidised bed
reactor and it is operated at atmospheric pressure and 950°C to
ensure the total CaCOs3 calcination even under CO, rich atmo-
sphere (the equilibrium partial pressure of CO, on CaO at 950°C
is about 1.9 atm). The calciner has been designed as a conversion
reactor and it is assumed that total CaCO5 calcination is achieved.
The gas stream that leaves the calciner will be pure CO, since the
high temperature chosen for this reactor should allow recycling
of CO5, to fluidise the bed maintaining high calcination conver-
sion and kinetics (Stanmore and Gilot, 2005). If further increases
in the rate of calcination reaction and/or decreases in calcination
temperatures were necessary, it would be possible to reduce the
partial pressure of CO, in the calciner by feeding steam to the
calciner or operating such reactors at pressures slightly below
the atmospheric. However, for the case study considered in this
work, we have chosen the simpler configuration of the pure CO,
stream exiting the calciner. This stream is split into the fluidising
CO, and the CO, stream that goes to purification and compres-
sion after additional energy recovery. On the other side, three
solid streams enter this reactor. The first one (high temperature
solids stream) comes from the CFBC and transports the energy for
the CaCOj3 calcination, as indicated above, the second one (car-
bonated material) comes from the carbonator at 650°C and it
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is comprised of CaO (60.8 wt%), CaCO3 (20.8 wt%), ash (15.4 wt%)
and CaS04 (3.0 wt%) and the third one is the CaCO3 make up flow.
This additional flow of fresh limestone is necessary to compen-
sate for the CaO purged from the same calciner (to extract ashes
and CaSO4 built up) and to maintain the average sorbent activ-
ity in the system (Abanades, 2002). Eventually, the solid stream
that leaves the calciner is also separated into three streams with
identical composition. The first one (0.2% of all the solids that
leave the calciner) will be the purge of the system, the second
(90.6% of the solids) is recycled to the combustor and the third
(9.2% of the solids) is recycled to the carbonator.

. Carbonator. In this equipment the CO, produced in the combus-

toris captured by the CaO present in the calcined material stream
(see Fig. 1). It can be designed as a circulating fluidised bed reac-
tor where part of the solids generated in the calciner at 950°C
are fluidised by the flue gas stream from the combustor. This
gas stream is comprised of N, (75.6 vol%), CO, (15.7 vol%), H,O
(6.01 vol%) and O, (2.6 vol%). The carbonator is operated at atmo-
spheric pressure and 650 °C because the CO, partial pressure in
equilibrium with the CaO is sufficiently low (0.012 atm). Since
the carbonation reaction rates are not necessarily fast enough
and are known to be limited by solid diffusion processes (Grasa
et al,, 2009) the carbonator has been modelled as an integral
reactor, with a gas and solid conversions depending on contact
quality and residence time distributions of solids in the bed. A
basic carbonator reactor model considering the instantaneous
and perfect mixing of the solids, the plug flow for the gas phase
in the reactor and a gas-solid reaction model for the CaO parti-
cles has been published elsewhere (Alonso et al., 2009). In this
work, we have refined the model by considering that CaO parti-
cles react following the kinetic model of Bathia and Perlmutter
adapted to multiple reaction cycles (Grasa et al., 2009). This
assumes that carbonation reaction takes place in two stages, the
first stage is controlled by the chemical reaction and the second
stage is controlled by both chemical reaction and CO, diffusion
through the product layer of the CaCO5 formed. To carry out the
mass balance in the carbonator reactor, it has been taken into
account the distribution of particle residence time in the system
with the number of times that solids circulate between reac-
tors. In addition, this model also takes into account the situation
where CaO particles do not achieve their maximum carbonation
conversion on every cycle and results in an increased average
maximum carbonation capacity (Rodriguez et al., 2010). Under
these conditions, a gas stream at 650°C with a reduced CO,
concentration (2.3 vol%) is produced, achieving a CO, capture
efficiency of 89%. This stream is emitted to the atmosphere in
the stack after energy recovery. In addition, an important energy
release that can be transferred to the steam cycle occurs because
the carbonation reaction is highly exothermic and because the
solids produced in the calciner are injected in this reactor at
higher temperature than the operation temperature of the car-
bonator.

. CO, compressor. This equipment has been designed as a multi-

stage turbocompressor with intermediate cooling. This is a
common arrangement for CO, compressors (Metz et al., 2005).
The final pressures in any stage have been selected in order to
have outlet gas temperatures below 135°C. The inlet temper-
ature for every stage has been fixed to 45°C and the adiabatic
efficiency has been considered 75%. In this configuration, the
intermediate coolers have been considered as shell and tube
heat exchangers. Although it has not been considered in this case
study, the compressed CO, thermal energy could be used for pre-
heating the water in the steam cycle. After the fifth compressor
stage, a pump is used because the CO, is a liquid at the high pres-
sure characteristic of this last stage. CO, is delivered at 150 bar
and 40 °C for suitable transport and storage.
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Fig. 2. Reference supercritical steam cycle.

Table 2
Reference supercritical steam cycle parameters.

Stream

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18 19 20
T(°C) 600.0 383.0 323.5 600.0 523.8 447.1 3342 2447 128.1 31.0 31.0 31.2 430 62.0 91.7 111.8 100.2 1419 175.8
P(bar) 280.0 70.0 450 400 250 15.0 7.0 3.0 0.9 0.045 0045 190 03 190 09 30 180 170 160

m(kgfs) 289.0 273.1

Stream

2543 2543 2413 2237 210.7 1949 1819 171.7

171.7 193.7 193.7 10.2 193.7 288 158 2225 2225 2225

21 22 23 24 25 26 27 28 29

31 32 33 34 35 36 37 38 39 40

T(°C) 1744 193.2 198.8 215.6 248.6 271.7 2673 2766 296.1
P (bar) 16.0 150 3500 250 3450 3400 70.0 335.0 25.0
m(kg/s) 2355 289.0 289.0 47.7 289.0 289.0 159 289.0 13.0

400
330
289.0

415.0 383.0 3235 523.8 447.1 3342 2247 1281 69.2 310
330.0 700 450 250 15.0 7.0 3.0 09 03 0.045
2890 159 188 130 118 13.0 158 13.0 102 11.8

5. Supercritical steam cycle. A supercritical steam cycle operating
at 600°C and 280bar has been considered. The steam turbine
is comprised of two high pressure bodies, two intermediate
pressure bodies, a low pressure body with five stages and an
auxiliary turbine to provide the energy for the cycle main pump
(Fig. 2). In addition, the condenser, water preheaters, deaireator
system, economisers, boiler, superheaters, reheater and pumps
have been simulated. The detailed operating conditions of all
these pieces of equipment o the steam cycle have been adopted
from Romeo et al. (2008) (Table 2). The next section will describe
how all the heat transfer equipments in the steam cycle can be
integrated with the high temperature heat sources of the pro-
cess.

3. Energy integration

All the reactors and high temperature heat sources and mass
streams previously described have to be integrated with the super-
critical steam cycle. In this system, five possible energy sources are
identified: the flue gas generated in the combustor at 1030°C, the
pure CO, stream and the solids purge generated in the calciner at
950°C and the energy released and gas stream produced in the
carbonator at 650°C. The energy integration explained below is
represented in Fig. 3 (Table 3).

The combustion gas generated at 1030°C in the circulating flu-
idised bed combustor is cooled down in two stages up to 380°C.
In the first stage, the gas temperature drops down to 690°C and
167 MW are transferred to the steam cycle in the reheater. In the
second stage, the gas is used for the preheating of the combustor

air up to 400°C transferring to this stream 147 MW. Finally, this
stream is conducted to the carbonator where the CO, is captured.

The gas stream that leaves the calciner is cooled down to 500 °C
and the thermal energy (52 MW) is transferred to the steam cycle in
an economiser. Then, this stream is used for additional heat recov-
ery in two water preheaters in the steam cycle and 38 MW are
transferred. Finally, this stream is conducted to the purification and
compression units at 105 °C. The thermal energy contained in the
solids purge (13 MW) is also used in another water preheater of the
steam cycle and solids are disposed at 127 °C.

The energy generated in the carbonator (472 MW) can be used
in one economiser (12.6%), the evaporator (16.5%) and the super-
heater (70.9%). Therefore, around 50% of the energy introduced in
the system (1 GW) can be recovered in this reactor. Eventually, the
clean flue gas generated in the carbonator is used in an economiser
(115 MW) and two water preheaters (77 MW) before being released
to the stack at 126°C. Therefore, if the energy recovered from
the gas stream that leaves the carbonator is added to the energy
released in this reactor, 664 MW are transferred to the steam cycle
only in this equipment. This is a very important point in the design
of this process since a relevant part of the energy introduced in the
system will have to be recovered at medium temperature with a
minimum temperature difference of 50°C.

Summarising, by making use of the energy sources provided by
the system comprised of the combustor, the calciner and the car-
bonator and the streams associated to these reactors, it is possible
to transfer almost 94% of the total energy introduced in the sys-
tem, to the different units of the supercritical steam cycle. As it
can be observed in the Sankey diagram of the steam cycle (Fig. 4),
934 MW of this energy sources are used in the steam cycle, mainly
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Fig. 3. Modified supercritical steam cycle after thermal integration with the CO, capture system.

in the superheater and the economiser. In the energy integration
proposed in the example, it has been possible to recover energy
from low temperature streams that has been transferred to the
steam cycle in the water preheaters. This has allowed a substan-
tial decrease in the temperature of the CO, streams and the flue
gas to the stack, up to 105°C and 125 °C respectively. Also, this has
allowed closing three steam extractions in the intermediate and
low pressure bodies in the steam turbine. These two reasons make
the process efficiency to improve in 3 percentage points.

As a result of the energy integration layout that has been
explained before a gross power output of 433.7 MW was produced.
Taking into account the pump consumptions of the steam cycle and
the energy drain due to the recompression of the rich CO; and flue
gas streams respectively in the calciner and the carbonator, this
gross power output is reduced to 419.6 MW. Furthermore, in order
to calculate the net thermal efficiency of the process comprised
of the reactors and the supercritical steam cycle it is necessary
to considerate an important auxiliary consumption because of the

933.7 MW Energy input to SC
steam cycle

334.5 MW (o the Superheater

167.1 MW to the Reheates s
226.1 MW to the Economiser

128.1 MW to the Water Prcheaters
77.9 MW 1o the Boiler

Fig. 4. Distribution of the energy introduced in the supercritical steam cycle among
the different units of the cycle.

CO, compression stages. According to the simulation of the five-
stage CO, compressor, there is an energy consumption of 32.9 MW
for this equipment which corresponds to a specific consumption
of 100 kWh/t CO, compressed, which is consistent with previous
studies (Metz et al., 2005). Eventually, it was considered an extra
auxiliary consumption of 8.7 MW (2% of the gross power output)
(Romeo et al., 2008) because of usual power plant auxiliaries. All
these consumptions reduce the net power output to 378 MW.

Fig. 5 shows the Sankey diagram for the full process. It is
observed that half of the energy introduced as chemical energy in
the combustor is lost in the condenser and the cooling tower while
12% of this energy introduced is lost in the CO, compression unit,
auxiliary units and energy associated to the clean gas, the CO, and
the purge. As a result an efficiency of 37.8% is obtained according
to Eq. (1):

Wgross - Wpumps - Wfans — Wcornpressor - Wauxiliaries (1)

Nthermal = mcoal LHV

1000 MW Energy input

63,7 MW Energy losses in stack,
purge and CO; stream

500.1 MW Cooling tower 32.9 MW CO, compressor

25.23 MW Auxiliaries

378.1 MW Electric power

Fig. 5. Distribution of the different drains of the process referring to the chemical
energy introduced with the coal in the combustor.
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Modified supercritical steam cycle parameters after thermal integration with the CO, capture system.

Table 3
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The efficiency value of the proposed system, including CO, cap-

T % a § ture and compression i§ rather high cornpgred 'tq the efficiency
of other power generation processes with implicit CO, capture.
+« o For example, a supercritical power plant with CO, capture and an
P 0,/CO,, boiler has a net thermal efficiency of 33.5% (Anderson and
Yoo Johnsson, 2006). This is mainly due to the energy consumption of
o - the Air Separation Unit (ASU) that is needed to provide a rich O,
algss stream for combustion in O,-fired systems. The CO, compression
& N stage represents the main penalty of the proposed process although
further thermal integration of the energy released in the intermedi-
e ate cooling of the multi-stage compressor could be performed and
TITTR the final penalty of this equipment would be reduced.
) ﬁ < 4. Conclusions
SJEER
The conceptual design and energy integration of a new pro-
oSN cess for power generation from solid fuels with implicit CO,
mpe captured with lime has been presented in this work. It has been
demonstrated that it is possible to design a process with three inter-
w % 3 ; connected fluidised bed reactors where the fuel combustion, the
5 || = CO, capture and the sorbent regeneration can be separated in dif-
ferent reaction units. The limestone calcination can be performed
- ':,: a2 with the energy trgnsported I_Jy an energy ce?rrier reheated in the
M| combustor and mainly comprised of the calcined sorbent and fuel
ashes. Ithas been proven that the energy penalty of this new system
322 is lower than the energy penalty in an equivalent oxy-fired system
a8 mainly because no air separation unit is needed. The energy has to
be transferred to the steam cycle in several stages, but it is possible
il to design an appropriate energy integration that allows high power
Al generation efficiencies (close to 38% including CO, compression)
and high CO, capture efficiencies (close to 90%).
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ABSTRACT: Post-combustion CO, capture based on the Ca-looping process (Cal) is a promising technology under
development based on the reversible reaction between CaO and CO, to form CaCOj; and the regeneration of CaO by calcination
of CaCO; in a rich CO, atmosphere. This work is focused on the study of the calcination kinetics with typical solid conditions
expected in these systems. Calcination rates of carbonated materials derived from two limestones have been measured at different
numbers of carbonation—calcination cycles, as a function of the temperature and CO, partial pressure. It has been observed that
the calcination reaction is chemically controlled for particles below 300 um of particle size, because internal mass transfer is
negligible even under the presence of CO, in the reaction atmosphere. The calcination rate (expressed per moles of initial CaO)
depends upon the calcination temperature and CO, partial pressure, whereas the CaCO; content and/or particle lifetime do not
affect the reaction rate. The basic kinetic model by Szekely and Evans is shown to be valid to fit the new data. On the basis of
these results, it is shown that calcination temperatures between 880 and 920 °C could be sufficient to achieve nearly complete
calcination conversion at a typical solid residence time of circulating fluidized-bed calciner reactors (2—3 min) in the CaL system.

1. INTRODUCTION

The Ca-looping process (CaL) is a rapidly developing CO,-
capture technology in both post- and pre-combustion CO,
systems.' > The reaction of a CaO-based sorbent with CO, to
form CaCOj; and the reverse calcination reaction (mainly in a
pure CO, or CO,/H,0O atmosphere) are at the core of all CaL
systems.

This work focuses on the CaL system for CO, capture that
was originally proposed by Shimizu et al,* using lime as the
CO, sorbent. The system involves the separation of CO, using
the reversible carbonation reaction of CaO and the calcination
of CaCOj to regenerate the sorbent. A typical configuration for
this process would consist of two interconnected circulating
fluidized beds (CFBs), a calciner and a carbonator, operating
under atmospheric pressure. Flue gases leaving the boiler of an
existing power plant are fed into the carbonation unit, where
CO, reacts with CaO coming from the calciner to obtain
CaCO;. Solids from the carbonator are sent back to the
calcination unit, where CaCOj is again calcined to form CaO,
which is recirculated to the carbonator, and CO, as a
concentrated gas stream suitable for compression and storage.
Because a concentrated CO, stream is aimed at the exit of the
calciner, the equilibrium of CO, on CaO (close to 900 °C for
pure CO, at atmospheric pressure) requires operation at high
temperature during calcination. Oxyfuel combustion of coal can
be used to supply the calcination energy, and higher efficiency
options (that do not require a pure O, stream) have also been
proposed.>®

Most recent studies on sorbent performance have focused on
the determination of the CO, carrying capacity of the
sorbent' ™ in a wide range of conditions and for a large
variety of materials. This improved knowledge on sorbent
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performance has facilitated the development of kinetic reaction
models suitable for the conditions of interest for the
process.” ' High reaction rates between CO, in the flue gas
and the sorbent particles are certainly necessary to design
compact CO, absorbers. The development of suitable particle
reaction models has helped in the design of reactor models for
the carbonation reactor in the CaL system."'™"* The operation
of the carbonator reactor is being experimentally validated at
increasing scales, from the preliminary tests carried out at the
10 kW,, fluidized-bed carbonator by Abanades et al,'* which
showed the carbonation reaction of CaO as a solution to absorb
CO, from large stationary sources, to the 75 kWy, pilot-scale
dual fluidized-bed system (with a bubbling fluidized-bed
carbonator) by Lu et al,'¢ to study CO,-capture efficiency in
the carbonator in a fully stable and continuous mode. Charitos
et al'” also reported on capture efficiencies above 90%
obtained in a 10 kW, dual fluidized-bed facility (bubbling
carbonator connected to a CFB calciner) under different
operating conditions. Recently, studies carried out in a 30 kWy,
test facility using two interconnected CFB reactors as the
carbonator and calciner were presented by Alonso et al,'®
reporting capture efficiencies between 70 and 97% under
realistic flue gas conditions. Carbonation efficiency of this CFB
carbonator has also been analyzed by Rodriguez et al.'” as a
function of the solid circulation rate, the solid inventory, the
average carrying capacity of the CaO circulating particles, the
temperature, and the gas velocity in the reactor, reporting on
high values in conditions close to that expected in commercial
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applications. Results obtained in the latest two experimental
pilot plants have been validated and compared in a recent
published work by Charitos et al,,”° using the active space time
of both installations, with solid residence times below a few
minutes in the carbonator and calciner in most of the
experiments conducted in continuous mode in the intercon-
nected CFB reactors.

In contrast to the increasing knowledge on carbonator
performance, little attention has been devoted thus far to the
detailed analysis of the sorbent regeneration reactor coupled to
the carbonator in these CaL systems. An adequate performance
of this reactor is obviously essential to demonstrate CaL
process viability. However, it is usually assumed that this
reactor (in its configuration as an oxy-fired CFB combustor)
will always be able to operate (adjusting combustion
conditions) at a sufficiently high temperature to guarantee a
very high efficiency in the calcination reaction. Recent
experiments performed at a 75 kWy, pilot plant by Lu et al.'®
showed that oxy-combustion of a solid fuel for sorbent
regeneration in a CFB reactor allows for a good performance
of the CaL process. Oxy-combustion of a fuel implies a high
CO, concentration in the calciner off-gas around 85 vol % as
well as flue gas recycle in the range of 50—60%, and therefore,
this will be the environment where the regeneration of the
sorbent will have to take place. A larger pilot-plant facility of
200 kWy, has been built at the University of Stuttgart21 to
investigate the Cal process under more realistic operating
conditions than in the previous lab-scale plant, where energy in
the calciner is provided by combustion of CH, with enhanced
air together with electrical heating. In this pilot plant, the
regenerator has been designed to operate in oxy-fuel mode by
burning different types of solid fuels, mainly coal, that will
provide further results to evaluate calciner performance of the
CaL system. Larger plants have been proposed and built under
different projects to operate the calciner under oxy-fuel
combustion mode in a CFB, not yet largely studied in small-
scale units. The biggest demonstration CaL plant (1.7 MWy,)
has been built at the La Pereda power plant under the 7th
Framework Programme project named “CaOling” (develop-
ment of post-combustion CO, capture with CaO in a large
testing facility; www.caoling.eu). It is expected that this pilot
plant will begin operation within the next few months and will
demonstrate the viability of the whole Cal process.”>

There are important issues related to the calcination of
CaCOj; that are specific to the Cal post-combustion
technology referred above and that have not been addressed
thus far in the literature. For typical fuels and experimental
conditions, it is likely that the calcination environment in the
oxy-fired CFB combustor acting as a calciner reactor will range
between 50 and 80 vol % CO,.'* Despite the effective heat
recovery in CaL systems,"#*>~*° it will always be a design target
to minimize energy consumption in this reactor”® to minimize
O, consumption and the associated costs. Coal consumption in
the calciner reactor depends upon several operation and design
variables of the CO,-capture process, such as the desired CO,-
capture efficiency that is determined by sorbent circulation
rates between reactors and fresh sorbent addition. The design
temperature in the calciner reactor will always be aimed at a
value as low as possible to achieve not only effective calcination
of CaCO; coming from the carbonator and the make up flow
feed with minimum heat requirements but also minimum
dangers associated with ash issues and minimum sorbent
deactivation that tends to increase drastically beyond 950
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°C>”** In general, operation of the calciner at lower

temperatures (around or below 900 °C in atmospheres with
sufficient H,O content) is favored also by its proximity to
standard operation of circulating fluidized-bed combustion
(CFBC) boilers (850 °C to maximize in situ SO, capturezg).
However, at these low temperatures, the kinetics of the
calcination reaction may not be sufficient to achieve the high
calcination efficiencies needed in the calciner. In this context,
this work is focused on the determination of the calcination
kinetics to describe the evolution of the carbonate conversion
of the typical sorbent of a CaL process.

There is a wide database of literature on the thermal
decomposition of CaCO; in CFBC environments>® > that is
relevant for this purpose. Calcination kinetics of CaCOj
particles is one of the most investigated inorganic reactions
after combustion and has been the subject of many studies in a
wide range of conditions and applications. However, there is no
consensus about a general reaction mechanism,* and for each
particular application, semi-empirical models are still used for
practical purposes. For desulfurization applications in flue gas
combustion environments, several authors assumed that the
decomposition of small limestone particles (1—90 um) is
chemically controlled.**** For larger particle sizes (below 2
mm), Dennis and Hayhurst** also concluded that calcination is
controlled by a chemical reaction at a sharp interface between
CaCOj; and CaO in a fluidized-bed combustor. However, some
other works have shown evidence of the importance gained by
the internal mass-transfer resistance with an increasing particle
size.*® This work will revisit these reaction models to interpret
the experimental results obtained when measuring calcination
rates in multi-cycled particles and a CO,-rich gas atmosphere
that are characteristic of the calciner reactor in post-combustion
CaL CO,-capture systems.

2. EXPERIMENTAL SECTION

Carbonation and calcination cycles have been carried out in a
thermogravimetric analyzer (TGA) suitable to derive reactivity data
during carbonation or calcination in long multi-cycle tests. The TGA
used in this work has been described in detail elsewhere.'” The
reacting gas mixture (CO,/air) set by mass flow controllers was fed
into the bottom of a quartz tube placed into a two-zone furnace.
External diffusion resistances have been eliminated operating with 2
mg of sorbent and a total gas flow of 1.11 X 10°° m’ N s.
Experiments were carried out at atmospheric pressure, while the
temperature and sample weight were continuously recorded on a
computer. For each test, the sorbent underwent 10 calcination/
carbonation cycles (12 min/cycle). To avoid the decomposition of
limestone during the heating period between carbonation and
calcination conditions, the carbonation reaction was carried out at
100 vol % CO, for 8 min and the temperature was close to that set in
the calcination period. Blank tests determined possible disturbances in
sample weight as a result of switching gas density in the gas flow
through the reactor. At the end of each test, samples were weighted in
a balance to check the accuracy of the TGA results, and as a result,
good agreement was observed between the sorbent conversion
calculated from this weight measured and that evaluated from TGA
results.

Two different limestones have been used for the experiments
(named A and B in the paper). Four particle size cuts have been tested
for limestone A: 75—125, 125—300, 300—600, and 600—800 ym, and
one particle size cut has been tested for limestone B: 75—125 um.
Both limestones were analyzed through an inductively coupled
plasma—optical emission spectroscopy (ICP-OES) spectrometer to
determine their chemical composition. The limestones presented a
residue after loss on fusion of 56% by weight, whose main components
were CaO, MgO, and SiO, (see Table 1). Both limestones were

dx.doi.org/10.1021/ef201525k | Energy Fuels 2012, 26, 1432—1440
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Table 1. Composition, Textural Properties, and Kinetic
Parameters of the Limestones Tested in This Work

limestone A limestone B
CaO (wt %) 96.1 93.8
MgO (wt %) 12 22
SiO, (wt %) 1.1 22
Sgcaco, (m*/g) 1.1 0.7
Sg,CaO (mz/ g) 21 19
£,caco, 0.044 0.020
€0.ca0 0.478 0.468
kq (m?kmol ! 1) 2056970.3 2520152
E,. (J/mol) 1124 91.7

characterized using a Hg Porosimeter Quantachrome Pore Master to
estimate the pore volume and the pore-size distribution, and N,
adsorption (Micromeritics ASAP2020) at 77 K was used to calculate
the sorbent surface area by applying the Brunauer—Emmett—Teller
equation. Results obtained in these tests together with those obtained
for their calcines are shown in Table 1. The effect of three different
variables has been analyzed in this work: the effect of the particle size,
calcination temperature, and CO, partial pressure on a multi-cycle
calcination reaction. Preliminary tests were performed to analyze the
effect of the particle size on the calcination rate and elucidate the
importance of gas diffusion resistances at the pore level. These tests
were performed for limestone A at two different CO, partial pressures,
0 and 50 kPa. To derive the kinetic parameters for the calcination
reaction, including highly cycled particles (10 reaction cycles) and high
CO, concentrations, a set of experiments was carried out analyzing the
effect that the calcination temperature (temperatures tested ranging
from 820 to 910 °C) and CO, partial pressure (from 0 to 100 kPa)
have on reaction rates. These tests were focused on the smallest size
cut of both limestones, as explained in further details below.

Several tests were carried out in the TGA with larger quantities of
sample, calcining at 900 °C in air, to obtain sufficient mass for
measurements of pore size distribution by mercury porosimetry.
Figure 1 is an example of a typical plot of dV/dD versus the pore
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—_ 2508405 :'l ‘\ ----- 1st calcined
[t R .
g 2,00E+05 :' I‘. 5th calcined
2 P
£ 150E+05 1 [ %
< i\
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0,00E+00 Jf . e . e

0 50

pore diameter (nm)

Figure 1. Pore size distribution for limestone B after the first and fifth
calcinations of the sorbent.

diameter for two samples of limestone B after the first and fifth
calcinations. It can be seen that the original texture of the first calcine
with a rather narrow pore size distribution evolves toward a bimodal
distribution typical of samples that have experienced several
calcination—carbonation cycles.”” These measurements were intended
to aid in the selection of calcination models, as will be discussed below.

To give insight into the possible particle calcination reaction model
for the limestones tested, a sample of fresh limestone A (75—125 um)
was half-calcined at 880 °C in air and analyzed by scanning electron
microscopy (SEM). Sample preparation was carried out in an inert
atmosphere, and it was mildly crushed, dispersed on a graphite tab,
and gold-coated with a ~20 nm thick film for observation under SEM.
The micrographs obtained by SEM are shown in panels a and b of
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Figure 2 and will be used to further support the model selection in the
next section.

3. RESULTS AND DISCUSSION

Preliminary measurements of calcination rate tests were carried
out at different particle sizes to check the relative importance of
gas diffusion effects in the different pore networks resulting
from different carbonation and calcination cycles. Four particle
size intervals where used (75—125, 125—300, 300—600, and
600—800 ym). The calcination temperature in these tests was
fixed at around 880 °C. Two series of experiments were carried
out. The first tests were conducted in the absence of CO, in the
gas fed to the TGA, so that diffusion effects of CO, in the pore
network of the particles should be more pronounced and easier
to detect when changing particle sizes. The second tests were
conducted at 50 vol % CO, also for different particle sizes.
Panels a and b of Figure 3 show the calcination curves versus
time in the absence of CO, for the calcination in the second
and eighth cycle, respectively. As seen for the second
calcination, the reaction rate is hardly affected by the internal
diffusion resistance below 300 pm or, in case internal resistance
was present, its effect on kinetics would be the same for both
sizes. From that size onward, there is a small effect of the
particle size on the calcination rate because of CO, internal
diffusion resistance that results in a higher calcination time to
achieve complete CaCO; decomposition. Because limestone
undergoes a higher number of calcination/carbonation cycles,
the internal resistance of CO, released during calcination
sharply diminishes and the calcination rate is practically
identical even when particles as large as 600 um in diameter
are used (Figure 3b). Figure 4 shows the results from the tests
carried out in the presence of S0 vol % CO,, which are in
qualitative agreement with the results obtained when calcining
in air but with enlarged differences between curves. Although
higher calcination times are required in all cases because of the
effect of CO, on kinetics (as described by reaction model
equations), it is appreciated that internal mass-transfer
resistance continues being negligible below 300 um of particle
size from the first cycle because curves for 75—125 and 125—
300 pm match up completely. For larger particle sizes (600—
800 um), calcination rates are slightly lower, which can be
considered a sign of both internal resistance to CO, diffusion in
the presence of CO, in the calcination atmosphere and reduced
kinetics because of CO,, resulting in a longer time to achieve
complete calcination.

From the results obtained in TGA, it can be concluded that
the calcination reaction of cycled particles in a CFB-based post-
combustion CaL system, with a particle size below 300 pm, is
chemically controlled since the first cycles. This results in a
reaction taking place at the same extent throughout the
particles, where no relevant particle size effects can be found.
This homogeneous character of the reaction is even more
pronounced after several calcination/carbonation cycles, as
expected from the opening of the pore network, as noted in
Figure 1. These conclusions are supported by the images
obtained by SEM (Figure 2), where it is observed that pores
resulting from CaCOj; decomposition are uniformly distributed
throughout the particle. In addition, as shown recently by
Gonzalez et al,*® the CaL system will most likely operate with
average particle sizes of CaO around 90 ym because of attrition
phenomena. For all of these reasons, the determination of the
kinetic rate parameters for the calcination reaction models to be

dx.doi.org/10.1021/ef201525k | Energy Fuels 2012, 26, 1432—1440
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Figure 2. SEM pictures of a half-calcined limestone A (75—125 ym).
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Figure 4. Conversion curves versus time for different particle sizes, with limestone A at pc, of ~50 kPa and 890 °C: (a) second and (b) eighth

calcinations.

used in this work to interpret the available results is focused
from this point on the 75—125 pm size cut.

As indicated in the Introduction, different reaction models
have been proposed in the literature to describe the calcination
reaction in close conditions to those used in the experiments
carried out in this work. A homogeneous reaction model
throughout the sorbent was assumed by Borgwardt,* with
particle sizes under 90 yum. Khinast et al.>* applied a modified
random pore model (RPM) to the calcination reaction that
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relates the evolution of the pore structure of the solid during
calcination with its conversion. The shrinking core model and
the uniform conversion model appeared as suitable reaction
models to describe the calcination reaction of fine particles in
two extreme conditions. On the one hand, the shrinking core
model would be able to describe the calcination of limestones
with a very low initial porosity. On the other hand, for solids
with a higher initial porosity, the uniform conversion model
could be applied. This second scenario is obviously the most

dx.doi.org/10.1021/ef201525k | Energy Fuels 2012, 26, 1432—1440
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adequate for our results, as discussed in the previous paragraphs
around the observations in Figures 1—4.

Typical calcination conversion curves versus time obtained
from the multi-cycle experiments are represented in panels a
and b of Figure S. Considering that X_;. and X are the
CaCO; contents exiting and entering the calciner (both
expressed in moles of CaCO; per mole of Ca), respectively,
Xeap — Xeale 18 the CaCOj; calcined per mole of Ca. For the
calcination of pure CaCO; (which implies 100% CaCO,
content), X_;, — X varies between 0 and 1. For the
calcination of a sorbent that has been carbonated up to the
maximum carrying capacity in the previous carbonation—
calcination cycle, Xy_,, the value of X4, — X,,. changes from 0
to Xn_1.

According to Figure S, calcination rates [slopes of d(Xq, —
X_y0)/dt for (X — Xeue) < Xy—1] are constant with different
cycle numbers for a given calcination temperature and CO,
concentration in the gas phase. However, to facilitate the
interpretation of the experimental results with a definition of
conversion independent of the cycle number, CaCO; calcined
on every cycle has been normalized with the maximum
carbonate content achievable in the previous cycle as follows:

_ moles of CaCOj calcined
Jate = moles of CaO X Xy _;
_ Kb = Xeatd)
Xcarb (1)

In this way, f. ranges on every cycle from 0 to 1. The
evolution of Xy_; (or Xy) with N has been widely studied, and
it has been found that it can be described according to eq 2 for
a variety of limestones and reaction conditions, with a
deactivation constant k of 0.52 and a sorbent residual molar

conversion X, of 0.075.>”

1
XN = 1 + Xl‘
—— + kN
(1-X,)
k= 0.52, X, = 0.075 (T . < 950
°C, teyc < 20 min) 2)

Figure 6 represents the normalization of the experimental
conversion data for the conversion curves included in panels a
and b of Figure S.
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atmosphere.

The resulting plots can then be fitted to a kinetic model for
calcination, embracing the observations reported in previous
paragraphs. As indicated above, the materials tested in this work
follow during calcination an apparent homogeneous conversion
pattern at the particle level. Fang et al.** proposed an equation
based on the classic grain model by Szekely and Evans*' to
describe the calcination reaction of CaO-based sorbents in CaL
applications, which is, in principle, consistent with an
homogeneous model at the particle level.

dfcalc
dt 3)

In this model, each carbonated particle is assumed to be formed
by uniformly sized nonporous spherical grains of CaCO; and
CaO that calcine following a shrinking core model under
chemical reaction control (eq 3). A similar expression was also
used to fit fast carbonation rates in a previous work,* although
more elaborate versions of this carbonation model have been
published more recently'® based on RPM (developed by Bathia
and Perlmutter™**) to account for slow reaction regimes and
transition regimes. We have attempted data fit with eq 3 in this
work because of its simplicity and sufficient good quality of the
fit for the whole range of calcination curves. Furthermore, it is
already known that grain model predictions match those made
by the RPM under chemical reaction control and when
moderate transport resistances are included for porous particles
with typical values of the reaction surface area, total pore
length, and porosity.*>**

The equilibrium CO, concentration (Ceq) has been evaluated
from the molar fraction of CO, in the equilibrium, f,, using eq
4, where T is the operation temperature (in kelvin) and P is the
total system pressure (in atmosphere).*

2/3
= ken(1 = £ )Y (Ceq = Cco,)

1 0(7.079—8308/ T)
fe = P 4)

To determine the kinetic parameter of the calcination reaction,
different experiments, including up to 10 calcination/
carbonation cycles each, have been carried out for both
limestones, varying the calcination temperature from 820 to
910 °C and reaction atmosphere from 0 to 100 kPa of CO,.
The calcination conversion of limestone particles on each cycle
N was calculated from the experimental data on weight changes
measured with the TGA analyzer during the reaction according
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to eq 1, normalized with the maximum carbonate content
achievable in the previous cycle. When eqs 1 and 3 are
combined, the calcination rate (per mole of Ca) will be given

by

d(Xcarb - Xcalc)
dt
2/3

X
(Ceq - CCOZ)

carb

X

calc

=kJ1-

carb

©)

A fitting exercise has been carried out to determine the kinetic
constant of the calcination reaction k. using experimental
results obtained in the TGA setup described in the
Experimental Section. The kinetic constant was determined
in each cycle from the conversion curves at different calcination
temperatures. An Arrhenius representation was plotted for the
individual values of k, obtained, and a pre-exponential factor,
ko (m? kmol™! s7'), and activation energy, E,. (kJ/mol), were
determined from the ordinate in the origin and the slope,
respectively, according to eq 6.

—Eqc )

RT (6)
The values of k,, and E,. have been included in Table 1 for
both limestones. Activation energies obtained over the
temperature range of 820—910 °C for limestone A (112.4 kJ/
mol) and limestone B (91.7 kJ/mol) are similar as expected
because both limestones had a similar internal structure and
pore size evolution pattern. These activation energies are
somehow in the lower range of those reported in the literature,
between 110 and 210 kJ/mol,**~*>>*® obtained for temperatures
in the range of 600—900 °C. However, they are in close
agreement with values obtained by Garcia-Calvo et al.*’ and
Romero-Salvador et al,* who reported activation energies for
calcite decomposition of around 109 kJ/mol and stated that
this low value was due to the presence of impurities and/or
physical processes, such as sintering. The limestones tested in
this work present at least 4 wt % impurities, that could act as
the catalyst and result in slightly low activation energies. The
fact that limestone B presents a higher amount of impurities
than limestone A could also explain its lower activation energy
with respect to the other limestone. However, it is beyond the

kc = ch eXP(
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temperature had to be increased to 905 °C because of equilibrium restrictions): (a) second calcination for limestone A and (b) fifth calcination for
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Figure 9. Experimental conversion curves and those predicted by the model for limestone B for CO, partial pressures close to equilibrium: (a) f, —

feo, of ~0.05 at 825 °C and (b) f, — fco, of ~0.08 at 885 °C.

scope of this work to explain in more detail the source of these
variations in apparent activation energies, because from a
practical point of view, it is sufficient to have for each limestone
a suitable set of the pre-exponential factor and activation energy
for eq S.

Figure 7 shows the effect of the calcination temperature on
the reaction rate for limestone B during the fifth calcination in
the absence of CO, (Figure 7a) and in the presence of 25 kPa
of CO, (Figure 7b). As expected, this figure shows how an
increasing calcination temperature results in a higher reaction
rate and also how the presence of CO, reduces the reaction rate
for a given temperature. CO, partial pressures close to those
given by the equilibrium (eq 4) result in a dramatic reduction in
the reaction rate. This is the case of the calcination temperature
at 825 °C under 25 kPa of CO, partial pressure in the reaction
atmosphere that lead to a complete calcination time well above
2 min.

With respect to the dependence of the calcination reaction
upon the presence of CO,, the right-hand side term (Ceq -
Cco,) in eq 3 or S has been successfully used in the past by
several authors.>"3349°° Figure 8 shows the effect of the CO,
partial pressure on calcination rates for a given temperature
(890 °C, in this case) and for both limestones. Figure 8a
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represents the calcination conversion of cycle number 2 for
limestone A. Figure 8b represents the calcination conversion of
cycle number $ for limestone B.

The model also presents good agreement between prediction
and experimental data under calcination conditions close to
equilibrium, as seen in Figure 9. The difference between the
molar fraction of CO, given by the equilibrium composition
(f.) and CO, in the reaction atmosphere (fco,) has been varied
between 0.05 and 0.08 for limestone B for two different
temperatures. This is an indirect validation of the accuracy of
the equation by Baker* (eq 4) for the equilibrium in this
temperature range and the accuracy of the experimental setup
[sample temperatures in the thermogravimetry (TG) plate and
gas composition].

Despite its simplicity, the model predictions represented in
Figures 6—9 by solid lines reproduce with reasonable accuracy
all of the experimental data presented in this work. The model
proposed is able to predict the calcination conversion of the
sorbent in a range of conditions of interest for the CaL process
and different calcination/carbonation cycles. Furthermore, the
integration of eq S provides an expression for evaluating the full
calcination time (t*_) needed to achieve complete calcination of
CaCO; (or what is the same, to achieve 0% CaCO; content)

dx.doi.org/10.1021/ef201525k | Energy Fuels 2012, 26, 1432—1440
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for particles of any CaCOj; content X4, that yields

3X

*— carb
kc(ceq - CCOZ) (7)

Figure 10 represents this full calcination time, t.*, for some
illustrative examples using the limestone A kinetic data. As seen
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Figure 10. Full calcination time (t*) for different calcination
temperatures for limestone A under two different CO, partial
pressures. Continuous lines represent a solid with a CaCOj; content
of 15%, and lines with symbols represent a 100% CaCO; content.

with the lines with symbols, calcination of pure limestone
would require a substantial reaction time and/or higher
temperatures of calcination for a given ambient partial pressure
of CO, and temperature. However, the calcination of typical
solids from the carbonator (with a molar carbonate content of
15% in the example of this figure) requires much lower
calcination times. This may have important positive implica-
tions for the CaL system. As discussed in the Introduction, the
calcination temperature has a great influence on the energy
requirements of the CaL system and, therefore, the economics.
It is observed from Figure 10 that even temperatures below 900
°C are clearly enough for achieving complete calcination under
CO, concentrations typical of the CaL calcination environment
at residence times typical in the CFB calciner. Therefore, lower
temperatures than expected in previous simulation publica-
tions 127142472651 ¢oyld be considered. Coal and oxygen
consumption could be optimized, SO, capture in the calciner
becomes closer to the optimum conditions, and a wider variety
of fuels (ash softening issues) can be used in the calciner at
lower calcination temperatures.

4. CONCLUSION

Calcination kinetics of two different limestones that have
experienced repetitive calcination/carbonation cycles have been
determined in a TGA. It has been experimentally observed that
the calcination reaction is chemically controlled because
internal mass-transfer resistance is negligible up to 300 pm
particle size, even in the presence of CO, in the reaction
atmosphere. In this way, the calcination reaction (expressed per
moles of initial CaO) depends upon the calcination temper-
ature and CO, partial pressure, whereas the CaCO; content
and/or particle lifetime do not affect the reaction rate. The
calcination reaction in multi-calcination/carbonation cycles has
been described with a reaction model based on a grain model
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that considers a particle formed by grains that follow a
shrinking core model under chemical reaction control, and the
kinetic constant of the reaction has been determined. The
model proposed is able to predict the calcination conversion of
the sorbent at calcination conditions of interest for the CaL and
should contribute to its scaling up.
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B NOMENCLATURE

Cco, = concentration of CO, in the gas phase (kmol/m?)
Ceq = equilibrium concentration of CO, in the gas phase
(kmol/m?)

E,. = activation energy of the kinetic constant of CaCOj;
calcination (kJ/mol)

feale = fraction of CaCOj calcined to CaO and CO, in the
calcination reaction with reference to the moles of CaCO,
coming from former carbonation (varying from 0 to 1 in
every cycle)

fco, = molar fraction of CO, in the gas phase

f. = molar fraction of CO, in equilibrium (according to
Baker™)

k = deactivation constant of CaO

k. = kinetic constant of CaCO, calcination (m> kmol™ s7")
ko = pre-exponential factor of the kinetic constant of CaCO;
calcination (m® kmolI™ s71)

N = number of calcination/carbonation cycles

P = pressure

Pco, = CO, partial pressure

R = ideal gas constant (J mol'' K'')

T = temperature

t.* = time needed to achieve full calcination for a particle of
any CaCO; content (s)

X4 = CaCOj content exiting the calciner (mol of CaCO,/
mol of Ca)
X.» = CaCO; content entering the calciner (mol of

CaCO;/mol of Ca)
X, = residual conversion of CaO after many hundreds of
cycles
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Durante el proceso de revision de las pruebas de imprenta de este articulo hubo una
confusién con la figura 1 que aparece en el articulo, que unicamente hace referencia a los

balances de CO, asociados al proceso de carbonatacién/calcinacion. La figura 1 que se

corresponde con la descripciéon dada en el articulo es la que se incluye a continuacion, y es

la que debe de utilizarse para comprender la descripcién en funcidon del contenido en
carbono del combustible (Fg,), el CO, recirculado en el calcinador (Fe(y,,.) y el CO, a la
salida del calcinador proveniente de la combustion del combustible (Fc, 4,.). No obstante,
es importante destacar que la confusiéon en la figura 1 no afecta al planteamiento de los
balances de materia y ecuaciones del articulo ni a los resultados obtenidos, que unicamente

contemplan el CO, asociado al proceso de carbonatacién/ calcinacion.
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HIGHLIGHTS

» New model of a calciner reactor to regenerate the CO, sorbent in Calcium Looping system.

» Particle calcination reaction model included.

» Effects of main operating parameters on calcination efficiency assessed.

» Simplified methodology for preliminary fast calculation described.
» Determination of possible operational window for the calciner unit.
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The Ca-Looping (CaL) process for CO, post-combustion capture is a promising technology that has
received lot of attention concerning both experimental and modelling aspects in recent years. In this
work, a calciner reactor model based on simple fluid-dynamic assumptions and including calcination
kinetics is proposed. The main objective of the reactor model is to evaluate the CaCO5; content leaving
the calciner or, in other words, the calciner efficiency defined as the fraction of CaCO5 calcined in the reac-
tor, as a function of calciner operating conditions such as solid inventory, calciner temperature, solid cir-
culation rate or fresh sorbent make-up flow. Different analysis have been carried out to determine a
feasible operating window of the reactor where high calciner efficiencies are achieved at relatively low
temperatures and reasonable solid residence times in the calciner. The results obtained show that typical
solid inventories in a range of 8000-12,000 mol of Ca/m? and temperatures of 1173-1183 K, will result
into such calciner efficiencies well over 95%. These results reinforce the CaL system application at a large
scale for CO, capture and make the model as a valuable tool for interpreting future experimental results
obtained from pilot-scale CaL facilities.

© 2012 Elsevier B.V. All rights reserved.

1. Introduction

Among the different families of CO, capture technologies, this
work is focused on Calcium Looping (CaL) post-combustion process

CO, capture and storage (CCS) technologies have a great poten-
tial to contribute for stabilization of greenhouse gases concentra-
tion in the atmosphere in the mid to long term [1]. Their
application is likely focused on large point sources of CO, like
power plants or, to a lesser extent, large industrial processes such
as cement plants or refineries. Considering the recent increases in
coal consumption among the power generation sector, and the
immediate projections for coal use as primary energy source in
the coming years [2], the need of application of CCS technologies
will be reinforced.
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ramon.murillo@csic.es (R. Murillo), borja@incar.csic.es (B. Arias), abanades@
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1385-8947/$ - see front matter © 2012 Elsevier B.V. All rights reserved.
http://dx.doi.org/10.1016/j.cej.2012.09.134

that is rapidly developing from a concept paper to large pilot test-
ing in recent years [3], particularly under the EU funded CaOling
project (www.caoling.eu). The CaL system was first proposed by
Shimizu et al. [4] and involves the separation of CO, using the
reversible carbonation reaction of CaO and the calcination of CaCO3
to regenerate the sorbent. Regarding to the large flow of flue gas
treated in a Cal system that needs to be put into contact with
Cao0, a typical configuration for this process would consist of two
interconnected circulating fluidized beds (CFB), calciner and carb-
onator, operating under atmospheric pressure (see Fig. 1). Flue
gases leaving the boiler of an existing power plant are fed into
the carbonation unit, operating at temperatures between 873 K
and 973 K, where the CO, reacts with the CaO coming from the cal-
ciner to form CaCOs. Solids from carbonator are sent back to the
calcination unit where CaCOs is calcined to form CaO, which is
recirculated again to the carbonator, and CO, as a concentrated
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Nomenclature

Cco2 CO, concentration in the gas phase (mol/m?)

Ceq CO, concentration in the gas phase in the equilibrium
(mol/m?3)

E, activation energy of kinetic constant for CaCO3 calcina-
tion (kJ/mol)

Ecalc calciner efficiency

Fo molar flow of fresh sorbent added in the calciner to the
CaL system (mol/s)

fa fraction of particles in the calciner with a residence time
lower than ¢}

Fca molar flow of Ca flowing between carbonator and cal-

ciner in the CaL system (mol/s)

Fe fuel molar flow of C entering in the calciner with the fuel
(mol/s)

fco average molar fraction of CO, in the gas phase in the
calciner

Fcoo molar flow of CO, entering into the carbonator with the
flue gas from the existing power plant (mol/s)

Fcozcaic molar flow of CO, exiting the calciner coming from
CaCOs calcination (mol/s)

Fcozrer molar flow of CO, exiting the calciner coming from the

fuel burnt (mol/s)

Fcoarec molar flow of CO, recirculated in the calciner (mol/s)

fe molar fraction of CO, in the equilibrium between CaO
and CaCOs in the calciner operating conditions

ke kinetic constant of CaCOj5 calcination (m*/mol s)

keo pre-exponential factor of kinetic constant of CaCOs3 cal-
cination (m*/mol s)

Nca solid inventory of Ca in the calciner (mol/m?)

Tcale calcination rate of CaCOj5 particles in the solid bed (s™!)

t time needed for full calcination of particles in the cal-
ciner operating conditions (s)

Tealc temperature in the calciner (K)

Xave maximum average conversion of solids in the carbona-
tor

Xeale CaCOs content in the solids leaving the calciner (mol
CaCOs/mol Ca)

Xcarb CaCOs3 content in the solids leaving the carbonator (mol
CaCO3/mol Ca)

Greek letters

T residence time of solids in the calciner (s)

Tactive active space time in the calciner (s)

gas stream suitable for compression and storage. Since a concen-
trated CO, stream is aimed at the exit of the calciner, the equilib-
rium of CO, on CaO (close to 1173 K for pure CO, at atmospheric
pressure) requires operation at high temperature during calcina-
tion. Due to the heating up of the solids coming from carbonator
to calciner temperature and to the endothermic calcination reac-
tion, there is a great amount of energy required in the calciner that
represents between 35% and 50% of the total energy introduced in
the CaL system [5]. Oxy-combustion of coal can be used to supply
the energy needed in the calciner [4], although higher efficiency
configurations (that do not require a pure O, stream) have also
been proposed [6,7]. Moreover, some recent patents propose
reducing the consumption of O, in the calciner by heating the sol-
ids leaving the carbonator thanks to indirect heat exchangers fed
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Fig. 1. Scheme of the CaL process focused on CO, mass balances.

with the heat recovered from the solids and gas streams exiting the
calciner [8]. More advanced designs propose eliminating the need
of a pure O, stream by integrating the CaL with a new chemical
loop in order to use the exothermic reduction of CuO with a fuel
gas as the heat supply to regenerate the sorbent in the calciner
[9,10].

The existence of high quality energy streams leaving the CaL
system at high temperature allows for an effective energy recovery
and integration into a steam cycle to generate power [4,11-17]. As
a result of this energy integration, and despite of the energy con-
sumption from the Air Separation Unit (ASU) and the CO, compres-
sor, energy penalties associated to CaL system are lower than those
coming from existing technologies like amine-based systems. This
fact, together with the inherent advantages linked to this capture
technology such as the possible synergy with cement industry or
the inherent SO, capture, is leading to a fast development of the
Cal as a potential technology for CO, capture [18].

In recent years, important steps in demonstrating the viability
of the CaL technology have been taking place by testing experi-
mentally the viability of using a bed of CaO as CO, absorber in a
Cal system. Capture efficiencies ranging from 70% to 97% have
been achieved in different test facilities at lab-scale from 10 to
30 kWy, [19-24]. Initial results have been also reported from a
1MWy, pilot plant operating in batch mode in Germany [25] and
the outcome from detailed experimental programme in a 1.7 MWy,
test facility, particularly devoted for Cal research, is expected in
the near future [3].

There have been several approaches to the development of
carbonator reactor models integrated into a CaL system. Shimizu
et al. [4] and later Abanades et al. [19] used the bubbling bed model
proposed by Kunii and Levenspiel [26] to predict the CO, captured
in an bubbling bed absorber consisted of CaO particles. However,
CFB carbonator reactors are the natural choice for large scale sys-
tems when attending to the huge flow of gases expected to enter
the carbonator if operating at atmospheric pressure. First
approaches to the modelling of a CFB reactor acting as carbonator
came from Hawthorne et al. [27] and Alonso et al. [28]. Predictions
of these models showed that high capture efficiencies above 80%
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are feasible under reasonable operating conditions (solid inventory,
solid circulation rate, temperature, sorbent performance). A simpler
version of the model proposed by Alonso et al. [28] was used to
analyse the experimental results shown in [23] where modest solid
inventories and solid circulation rates yielded high capture efficien-
cies in a 30 kWy, pilot facility. More sophisticated carbonator
models have been recently published by taking into account
hydro-dynamics of the fluidized bed [29,30]. Lasheras et al. [29]
proposed a 1D carbonator model based on the model for fast fluid-
ized CFB reactors by Kunii and Levenspiel [31], and determined that
solid inventory and solid circulation between reactors are the most
influencing parameters on capture efficiency. Romano [30] went
into further detail of the fluid dynamics and the kinetic model,
including the effects of coal ash and sulphur species, and stated this
model as a valuable tool for optimisation of operating conditions,
especially those parameters associated to the CaO-based sorbent
behaviour that strongly influence system performance.

Despite the increasing amount of published papers concerning
carbonator performance, there is a lack of attention to the calciner
reactor coupled to the carbonator in the CaL system. The oxy-fired
CFB combustion technology required for the calciner is considered
as an enabling technology for CaL, with its own developing path as
a major oxy-fuel combustion capture technology for power gener-
ation [32]. However, the performance of this reactor is quite
important in the Cal concept of Fig. 1 as it determines not only
the fraction of CaCOs regenerated, and so the amount of CaO newly
formed that will react with further CO, in the carbonator, but also
the degree of sorbent deactivation that will affect sorbent CO, car-
rying capacity. In large scale CaL systems, there will be a trade-off
between achieving the lowest CaCO3; content in the solids leaving
the calciner (that is equivalent to achieve full calcination of the
CaC0s3) and the requirements of high temperatures and/or low
CO, partial pressures to achieve this aim [24]. In published works
on thermal integration of CaL system, the calciner has been usually
considered as an oxy-fired combustor operating at sufficiently high
temperature to achieve complete calcination of CaCO;. However,
from a calciner performance point of view, there are great chal-
lenges derived from the need of supplying a great amount of en-
ergy to the calciner and the demanding conditions required to
achieve a high calcination conversion at a concentrated CO, atmo-
sphere. In principle, temperature in the calciner should be as high
as necessary to assure a low content of CaCOs in the solids leaving
the calciner. However, it is also known that a substantial contribu-
tion to the heat demand in the calciner is associated to the heating
of the inert solids flowing from carbonator to calciner [5], and
therefore, the energy consumption in the calciner will be higher
as temperature in the calciner increases. Also the heating of the
recirculation of CO, (at lower temperature than the operating tem-
perature in the calciner) to control the temperature in the calciner
reactor, will contribute to increase the energy demand of the cal-
ciner reactor. Moreover, there are further reasons to seek for low
calcination temperatures as sorbent deactivation and ash issues
tend to increase drastically beyond 1223 K [33,34]. Design temper-
ature in the calciner will be a trade-off between the previous fac-
tors, forcing to operate at low calcination temperatures, and the
calcination efficiency that will tend to increase with temperature.

A number of models for CFB combustors have been proposed in
the literature including a wide range of assumptions and parame-
ters on hydrodynamic sub-models, and main reacting processes of
carbon devolatilisation, volatile and char combustion [35-39]. Sev-
eral of them include a calcination reaction sub-model to account
for the decomposition of limestone particles fed to the combustor
to capture SO,. Sotudeh-Gharebaagh et al. [40] and Adanez et al.
[41] consider that under CFBC conditions calcination of limestone
occurs rapidly enough to be considered as instantaneous and
complete, whereas the CFBC models proposed by Huilin et al.

[42] and Myo6hanen et al. [43] include some basic calcination mod-
elling approaches. Operating conditions of these CFB combustors
differ from those required in the calciner of the CaL (related to
temperature and CO, concentration in the reaction atmosphere),
and assumptions made about the instantaneous and complete cal-
cination would be no longer applicable in the calciner unit, which
operates at high partial pressures of CO,, and requires tempera-
tures as low as possible, close to the equilibrium of CO, on CaO
(about 1173 K in pure CO, at atmospheric pressure). For this rea-
son, the purpose of this work is to fill the gap of knowledge related
to calciner performance in CaL systems by developing a first calcin-
er reactor model based on simple fluidynamic assumptions, and
including realistic kinetic description of the calcination reaction.
Results from this model, which analyse the performance of this
reactor under different operating conditions, will be a helpful tool
to define an operational window for this reactor under CaL opera-
tion. These results may also be used for facilitating the interpreta-
tion of experimental results obtained in future pilot scale test of
the CaL technology for post-combustion CO, capture.

2. Model description

Following the notation and the scheme of Fig. 1, the main objec-
tive of the model is to determine the calciner efficiency, Ecai, which
can be understood as the fraction of CaCOs calcined in the reactor,
defined as:

moles of CaCOj3 calcined B
moles of CaCOs entering the calciner —

Xcarb - Xcalc
1
Xcarb ( )

Ecalc =

where X, and X.c represent, respectively, the CaCOs; content
entering and exiting the calciner expressed in mol CaCOs/mol Ca
according to the definition by Rodriguez et al. [23] and Charitos
et al. [24]. In steady-state operation, the CO, removed from the flue
gas in the carbonator should be released in the calciner to fulfil
mass balances. According to Fig. 1, the overall mass balance to the
CO-, in the calciner of the system can be written as:

(CO, increased in the gas phase)
= (O, released by CaCOj; calcination)
= (CaCO0; disappeared from the solid phase) (2)

The first term of Eq. (2) refers to the increment in the CO, con-
centration in the gas phase due to the calcination process only, tak-
ing as a reference the characteristic CO, concentration of the oxy-
CFB combustor without calcination (a typical CO, concentration in
the reactor will be between 70% and 75%, assuming that coal burnt
in the calciner has low ash and moisture content, and a recycle of
around 60% of the gas stream exiting the calciner, to have an equiv-
alent O, inlet concentration of 25%). This is equivalent to assume
that complete fuel combustion occurs instantaneously at the en-
trance of the calciner. To solve the model, two further assumptions
are needed: instantaneous and perfect mixing of the solids in the
calciner, and average constant CO, concentration in the gas phase
along the calciner. The last assumption is reasonable at this level of
modelling detail, as the contribution of the CO, formed during cal-
cination is relatively minor compared to the CO, resulting from the
oxy-fired combustion. Complete CaCOs3 calcination represents be-
tween 4 and 10 percentage points of the total CO, molar fraction
of the gas exiting the calciner, and therefore, we assume that the
average CO, concentration in the gas phase remains almost con-
stant along the riser of the CFB calciner.

Fig. 1 shows the mass balances to the CO, in the CaL system.
From the notation used, it can be seen that a molar flow of Ca is cir-
culated between reactors (Fc, in mol/s) with a CaCO3; content of
Xcarp €ntering the calciner. To maintain the activity of the sorbent
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through the cycles, it is necessary to introduce a fresh sorbent
make-up flow (Fp in mol/s). Both Fc, and Fy will determine the
maximum average carbonation capacity of the Ca-based sorbent.
As a consequence of the fresh sorbent addition into the CaL system,
a solid purge needs to be made in the calciner to avoid ash and
deactivated CaO being accumulated. The total amount of CaCO3
introduced in the calciner to be calcined will come from the solids
recirculated from carbonator (Fc; - Xcarp) and the fresh sorbent
make-up flow (that in this paper has been considered to be 100%
of CaCOs). Fuel introduced in the calciner to provide energy for cal-
cination generates a molar flow of CO; (Fcozfuer) that comes from
the carbon contained in the fuel (Fc ). As depicted in Fig. 1, recir-
culation of CO, is made in the calciner to control the temperature
due to fuel oxy-combustion (Fcozrec). Solid residence time of the
particles in the calciner (7 in seconds) is determined by the inven-
tory of Nc, moles of Ca in the bed (that is a mixture of CaO and
CaC0s), the solid circulation rate Fc, and the fresh sorbent make-
up flow Fq. According to the assumptions made in the model, mass
balances focus only on the molar flow of CO, generated from CaCO;
calcination in the calciner (Fcozcaic)- In these conditions, the mass
balances can be written as follows:

(CO, increased in the gas phase ) = Fco calc (3)
(CO, released by CaCOs calcination) = N, - T'caic (4)

(CaCO5 disappeared from the solid phase)

= (Fca + FO) . (Xcarb _Xcalc) (5)

where X, is the average CaCO; content of the total molar flow
entering the calciner resulting from mixing Fc, and Fy. The definition
of the calcination rate of the particles in the bed, r¢,, is based on the
results from a previous work [44] that determined the calcination
kinetics of partially carbonated particles, after submission to several
carbonation-calcination cycles, as a function of temperature and
CO, concentration in the gas phase. In that work, it was observed
that the calcination rate (expressed as d(Xcarb — Xcaic)/dt) can be
described with a grain model according to the following equation:

d(xcarb - Xcalc) o Xcarb - Xcalc 23
Tikc. 1 —W '(Ceq_CCOZ) (6)

Integrating this expression, it is possible to derive the time re-
quired to achieve full calcination of CaCOs, t7, as:

= 3 ‘Xcarb
¢ kc . (Ceq - CCOZ)

An important consequence of this experimentally validated cal-
cination model (see Fig. 2 and [44]) is that CO, formation rate by
calcination is largely constant, irrespective of the CaCOs content
of the particle. Therefore, typical particles leaving the carbonator
reactor of the CaL system with modest CaCO5; content will tend
to calcine in much shorter times than fresh limestone particles
entering the calciner from Fy. As depicted in Fig. 2, the full calcina-
tion time, t;, decreases with decreasing CaCO5 content. To avoid
the need of a distribution of t; as function of the CaCO5; content
of individual particles, and given that the majority of the particles
will present a CaCO5 content close to X, (due to the low ratio Fo/
Fc, typical of operation in CaL systems), the average CaCO3 content
in the particles of the bed X ., calculated as described above, will
be used to estimate the average calcination rate of particles in the
reactor model.

In these conditions, the calcination reaction model at particle
level, which can be applied to all particles present in the calciner
reactor at any time, could be expressed according to this equation:

(7)
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Fig. 2. Experimental CO, formation rate during calcination reaction (expressed as
d(Xcarb — Xcaic)/dt) for different number of cycles, at 1163 K and 50 kPa of CO, partial
pressure (see also Ref. [44]).

Xearb _ kc'(ceq*CC()z)
Teale = fe 3

where particles with a residence time higher than t; will be fully
calcined, and therefore their reaction rate will be zero (reac=0),
and particles with a residence time lower than t; are approaching
their maximum calcination conversion at a constant reaction rate
that depends only on temperature and CO, partial pressure. Since
the fluidized bed calciner is assumed as a perfect mixed model for
the solid phase, the fraction of particles with a residence time lower
than t; is defined as:

fi=1—exp(-tg/7) 9

where 7 is the average particle residence time in the calciner that
can be evaluated as:

= NCa
~ Fa+Fo

In this way, the concept of f, that is the fraction of particles that
are not fully calcined, finds an equivalent to the concept of active
fraction of particles reacting in the fast reaction regime in the carb-
onator reactor [19,28].

The variable X, represents the CaCO; content in the solids
entering the calciner and its value will depend on the CO, capture
efficiency in the carbonator reactor and on the operation condi-
tions of the CaL system (in terms of solid circulation rate between
reactors and fresh sorbent make-up flow). The upper limit of X..p,
will be the maximum average CO, capture capacity of the sorbent,
Xave, defined in [45] when carbonation and calcination conversions
of particles are incomplete. However, as it has been mentioned and
according to the results from Fig. 2, the calcination reaction rate gi-
ven as moles of CO, formed per mol of Ca (Xcar, — Xcaic) Will be the
same for all these particles irrespective of their CaCO5 content.

The estimation of ., from Eq. (8) requires the CO, concentra-
tion in the equilibrium, Ceq, which is calculated from the molar
fraction of CO, in the equilibrium given by Eq. (11) proposed by
Barker [46], where T and P are temperature (in K) and pressure
(in atm), respectively:

fort <t}
fort >t

8)

(10)
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10(7:079-8308/T)
fo=——F— (11)

Once the terms of the equation that govern the release of CO; in
the gas phase (Eq. (4)) have been described, attention is paid to the
mass balance term represented in Eq. (5), that defines the CaCO3
that disappears from the solids circulating to the calciner, Fc, and
Fo. According to the discussion above, this will be the sum of two
contributions: the CaCOs content of particles that have achieved
full calcination (with a residence time higher than t;), and CaCO;
from those particles with a residence time lower than t that are
still reacting at a rate ryc given by Eq. (8). Then, the mass balance
given by Eq. (5) can be rewritten as:

(CaCOs5 disappeared from the solid phase)

= (FCa + FO) fa(xcarb _Xcalc)|t<t; + (l _fa) : (Xcarb _Xcalc)‘b[;
(12)
For simplicity, we have assumed that all particles entering the

calciner present an average CaCO; content X.,,. Therefore, for par-
ticles with a residence time longer than t:

()_(carb - Xcalc)|t>tz = Xcarb (13)

On the other hand, and due to the fact that CO, formation rate is
constant until ! is reached, the average change in CaCO5; content
for those particles of residence time lower than t; is:

J& (reaie - 1) -1+ exp(—t/T)dt
fa
[1—exp (—tz/m) - (24 1)]
1—exp (-t;/1)
(1-a-f) gn GHRR)

Expressing Eq. (14) as a function of f,, and substituting Egs. (13)
and (14) in Eq. (12), the balance given by Eq. (5) results in:

(Xcarb - Xcalc)|t<[z =

=Tl T-

= Talc-T-

(CaCOs disappeared from the solid phase)

_ fa
_ (Fca +F0) - Xearb 'm

Comparing Egs. (5) and (15), it can be found that (Xcap — Xcac) is
given by:

(Xcarb - Xcalc) = Xcarb : f4a

In(1/(1-f,)

In these conditions, the calciner efficiency E.,c can be evaluated

according to Eq. (17) that results from the combination of Eqgs. (1)
and (16):

(15)

(16)

_ fa
In(1/(1-£))

Therefore, once that temperature and CO, concentration have
been fixed and an average 1, can be estimated with Eq. (8), the
CaCOs disappearing from the solid stream by calcination can be
evaluated with Eq. (16) and therefore, Fcoz caic can be determined
with Eq. (5). These balances should be equal to that given by Eq.
(4) that can be written as a function of ry as follows:

Ecalc (1 7)

(CO,, released by CaCO; calcination) = Ng; - f; - T'calc

ke (Ceq — C
:NCa'fa' C ( eq COZ)
3
As a result of the equations proposed above, it is possible to
evaluate E. . by using Egs. (7), (9), (10), and (17). The determina-
tion of Eyc requires a set of input conditions in the calciner model

(18)

that are: the solid inventory (Nc,), solid circulation between reac-
tors (Fc,) and its CaCO3 content (Xcarp), fresh sorbent make-up flow
(Fo), temperature in the reactor (Tcac) and molar fraction of CO; in
the gas phase (fcoz), and two kinetic parameters for the sorbent
(keo, Ea). The simplicity of this model makes it a valuable tool for
evaluating the performance of the calciner reactor as a function
of a range of operating conditions expected in the post-combustion
CaL process.

3. Results and discussion

According to the equations proposed in the previous section,
Ecaic can be estimated once the operating variables in the calciner
have been set, including the net CaCOs flow rate arriving in the so-
lid stream circulating from the carbonator. This is the variable that
links the operation between both the carbonator and calciner reac-
tors, and can be defined as: Fc, - Xcap. In a typical CaL system, the
operation of the calciner will be focused on working with high E.,,
attempting negligible CaCO3; content in the solid stream leaving
the calciner (Xcac close to 0).

From the experimental results and discussion presented by
Rodriguez et al. [23] and Charitos et al. [24], 9 mol CO,/m?s can
be considered as a reasonable value for the input of CaCOs being
transferred from the carbonator to the calciner (Fc, - Xcarp)- This va-
lue can be achieved with different pair of variables X ,;» and solid
circulation rate. A solid circulation rate of around 3 kg/m? s from
the carbonator to the calciner, typical for existing CFB combustors
having similar fluid-dynamic behaviour that CaL main reactors, has
been assumed. These assumptions imply operating with a CaCO3
content in the solids from the carbonator of X .., = 0.2. For these
values, the molar flow of Ca circulation between reactors, Fc,, will
be 45 mol/m? s. Sorbent activity is maintained due to the addition
of a fresh sorbent make-up flow, Fy. A ratio Fy/Fc, = 0.05 has been
considered as a reasonable starting point in the model simulations,
together with an average value of CO, molar fraction in the gas
phase of the calciner of fco; = 0.8, according to the conventional
values mentioned in the model description section. Kinetic param-
eters, ko and E,, characteristic of a common high-purity limestone
have been set as 20.5 x 10> m*/mol s and 112 kJ/mol, respectively,
as determined in [44].

Fig. 3 shows the calciner efficiency, E,, as a function of solid
inventory (Nc;) for an operating temperature in the calciner
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Fig. 3. Calciner efficiency vs. solid inventory at different temperatures in the
calciner (FcaXcarp = 9 mol CO,/m? s, Fo/Fca = 0.05, fcoz = 0.8, Xear, = 0.2).
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ranging from 1163 to 1193 K. Solid inventory was evaluated up to
15,000 mol/m? of Ca as it corresponds to approximately 1400 kg/
m? of solid inventory in the reactor (based on a 60%wt. of CaO in
the bed, leaving the remaining 40% for other inert materials in
the CaL (ash and CaS0,)) which results in 14 x 10> Pa of pressure
drop in the solid bed. The temperature range was chosen as appro-
priate to achieve nearly complete calcination under typical oxy-
fired conditions as mentioned in [44]. As expected, the results plot-
ted in Fig. 3 predict that low bed inventories (resulting in low res-
idence times for a given solid circulation rate and make-up flow)
derive into lower values of E.,. This effect is even more pro-
nounced when the calciner temperature approaches the equilib-
rium temperature for the CO, fraction of 0.80 set in the
simulation case (1158 K). In contrast, temperatures as moderate
as 1193 K for oxy-fuel calcination seem to be enough to achieve
Ecaic over 95% for considerably low inventories (3000 mol/m? of
Ca, which corresponds to about 280 kg/m? assuming 60%wt. of
Ca0 in the solid bed, and less than 1 min of average solid residence
time). On the other hand, typical solid residence times in CFB sys-
tems of 2-3 min (which corresponds to N, of around 10,000 mol/
m?) would allow working with lower temperatures close to 1173 K
to achieve the same E_; of 0.95.

Moreover, as evident from Fig. 3, Ec,c follows an asymptotical
trend for reasonable high inventories (Nc, > 8000) and, regardless
of Nc,, it remains almost constant at very large values for calcina-
tion temperatures over 1173 K. Despite these good predictions, the
perfect mixing assumption of solids in the calciner makes it very
difficult to achieve complete calcination (E.yc=1), as extremely
high temperatures and solid inventories would be required. There-
fore, a feasible objective to operate the oxy-fired calciner could be
to achieve at least a E,c of 95%. This implies less than 1% of CaCO5
content in the solid leaving the calciner (Xcaic).

The simulation case presented in Fig. 3 considers a fixed ratio
Fo/Fca = 0.05. However, in a large scale CaL system, the fresh sor-
bent make-up flow will largely vary as it will be determined by
external issues like limestone cost or the possible synergy with a
cement plant, or by operational issues such as the type of coal used
in the calciner (that will determine the amount of ashes and sul-
phur in the CaL system and so the amount of solid purge needed
to moderate the accumulation of these inert solids in the system).
Therefore, two different scenarios with respect to the amount of
solids purged have been evaluated: a first case with a lower ratio
Fo/Fc, of 0.008 that could correspond to the case of a low ash and
sulphur coal in the calciner and no required synergy with cement
industry. This low sorbent make-up flow results in a sorbent with
a rather poor CO, capture capacity and therefore, to maintain the
amount of 9 mol/m? s of CaCO5 being transferred from the carbo-
nator to the calciner unit (fixed as reference value in the simulation
cases proposed in this work),it will be necessary to operate the CaL
with a relatively high solid circulation rate between carbonator
and calciner. In this example, the CaCOs content, X.ip, in the
stream arriving from the carbonator has been set at X, =0.1,
and therefore the molar flow of Ca flowing between reactors, Fc,,
will be 90 mol/m? s. The second scenario corresponds to a CaL sys-
tem with a high ratio Fo/Fc, of 0.12, typical of a system with a high
ash and/or sulphur coal in the calciner, or aiming a very active sor-
bent in the system. In this case, the 9 mol/m?s of CaCO; trans-
ferred to the calciner unit can be maintained with a relatively
low solid circulation between reactors. As a result of this high sor-
bent make-up flow (and low circulation rate),the sorbent will pres-
ent high CO, capture capacity, and therefore X.,;» of 0.3 could be a
reasonable value for this case working with a molar flow Fc, of
30 mol/m?s.

Fig. 4 displays the values of E., obtained when working under
these extreme scenarios of the CaL under the same temperature
range as in the previous graph. Despite the fact that both scenarios
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Fig. 4. Calciner efficiency vs. calciner temperature at two different Fo/Fc, ratios
(Nca = 10,000 mol/m?, Fc, - Xearb = 9 mol CO5/m? s, fcoo = 0.8).

lead to such a different solid residence time in the calciner (around
2 and 4 min for the lower and the higher Fy/Fc, ratio, respectively),
it is revealed that there is no a great difference between both
curves. In order to explain this result, it is appropriate to introduce
at this point the concept of the active space time, Tacive, Which has
been satisfactory to interpret experimental results in recent pub-
lished works on the carbonator reactor [23,24,47]. Focusing on
the calciner reactor, it is possible to write the mass balances given
by Egs. (3)-(5) as a function of a T,¢ve in the calciner, defined as:

NCa 'fa

19
FCa'Xcarb+FO ( )

Tactive =

Tactive 1N the calciner relates the fraction of CaCOs in the calciner
solid bed reacting with respect to the molar flow of CaCOs3 that is
entering into the calciner. Considering Tactive, Ecaic Can also be ex-
pressed as:

Ecalc = Tactive * I'calc (20)

In both scenarios of Fig. 4, Nc, = 10,000 mol/m? whereas the to-
tal CaCOs flow entering the calciner (Fc, - Xcarb *+ Fo) is rather simi-
lar. Then, f,, the fraction of CaO particles in the bed that is actually
going through calcination reaction, is the variable that may repre-
sent the difference between both scenarios. According to Eq. (9), fa
is dependent on t and t; which change considerably in both sce-
narios. However, both variables 7 and ¢}, according to Egs. (10)
and (7) respectively, vary in the same direction, and as a result,
the ratio t7/7 and therefore f,, are similar in both cases. The fact
that E.,c is hardly affected by the operating conditions in the CaL
(with a reasonable N, for a given T, and fcoz) reinforces its appli-
cation at a larger scale, and makes energy consumption in the cal-
ciner be decisive in choosing the best operating conditions.

As CO, molar fraction has been maintained constant at 0.8 in
the previous analysis, Fig. 5 illustrates the effect of this operating
parameter on Ec,. As the figure evidences, fco is a substantially
affecting variable in the calciner, especially when working at low
and moderate calcination temperatures. For each fcq,, there is a
huge increase of E, with temperature due to the largely effect
on calcination kinetics (see Eq. (6)) when increasing from low val-
ues. As calciner temperatures become higher than 1183 K in this
figure, the impact of fcop on Eyc virtually becomes imperceptible.
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Fig. 5. Calciner efficiency vs. calciner temperatures at different average CO,
fractions in the calciner (N, =10,000 mol/m?, Fc, - Xcarb =9 mol CO,/m?s, Fof
Fca=0.05, Xcarb = 0.2).

As mentioned, E, is strongly linked to the value of Tucgve. In
this analysis where N¢,, Fc, and Fy have been maintain constant,
Tactive diminish as the active fraction of solids f, is reduced and
therefore E.,c increases. The convergence observed at high tem-
peratures is due to having reached a point where every pair of T,
and fcoz lead to the same value of Tactve (around 15-18 s), and
therefore, same E.,.. From results depicted in Fig. 5 it is also re-
vealed that each fco, has a minimum calciner temperature below
which E, drops sharply when decreasing temperature only few
degrees. As expected, this minimum calciner temperature rises
when increasing fco, due to the fact that operating conditions
and equilibrium come together. Considering that the average CO,
molar fraction in the calciner of a CaL system in post-combustion
application is likely to not exceed 90%, it can be observed in
Fig. 5 that approximately around 1173 K, E¢,c remains almost con-
stant with temperature regardless of fcop. In this way, working
with temperatures of at least 1173 K in the calciner, negative ef-
fects on Eyc would be diminished if there is any change in average
CO, molar fraction in the calciner of the CaL system.

The flow of CaCOs3 entering in the calciner from the carbonator,
Fca - Xcarn, Which is directly linked to the CO, captured in the carb-
onator unit (or carbonator efficiency), is also a very important var-
iable in the calciner performance. To study this effect, Fc, - Xcarp has
been examined in a wide range of 6-11 mol CO,/m? s, centred in
the aforementioned value of 9 mol CO,/m?s. This range will be
equivalent to consider carbonator efficiencies between 60% and
97%, for a reference power plant. As a result, the ratio Fo/Fc, has
to be changed to achieve this CaCOs content according to mass bal-
ances solved in [17].

Fig. 6 shows the solid inventory N¢, needed in each case to get a
fixed E,c at three different temperatures in the calciner: 1183,1173
and 1168 K. These temperatures result from previous conclusions
that point to calciner temperatures around 1173 K as the minimum
needed for an appropriate calciner performance. As expected, an in-
crease in Fc, - Xcarp brings about a rise in the amount of CaCOs3 enter-
ing the calciner and therefore, there is a need of rising Nc, to
maintain a constant value of 7,ve Or, what it is the same, to main-
tain E,c. For typical CO, capture efficiencies in a range of 8-10 mol
CO,/m? s, reasonably high E.,c of around 95% or 97% can be
achieved in a broad range of conditions going from Nc, of around
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Fig. 6. Calciner efficiency as a function of solid inventory (Nc,) and CO, captured in
the carbonator (Fc, - Xcarp) at different temperatures (Xcarb = 0.2, fcoz = 0.8).

2500 mol Ca/m? at the highest temperature of 1183 K, to an inven-
tory of 22,000 mol Ca/m? at 1168 K. Obviously, both limits of N¢, are
hypothetical as they represent non-realistic solid residence times in
the calciner (more than 7 min for the highest and 1 min for the
lowest N¢,). For typical solid inventories of 8000-12,000 mol/m?
(t ranging from 2 to 3 min) and temperatures in the range of
1173-1183 K, high E i values (over 95%) can be achieved.

4. Conclusions

The oxy-fired CFB combustor acting as calciner in CaL systems is
aimed at achieving high calciner efficiencies at the minimum calci-
nation temperatures, in order to minimise the energy require-
ments in the calciner, avoid ash related issues and maintain
reasonable activity of the sorbent for further CO, capture. A simple
calciner reactor model has been formulated to evaluate calciner
efficiency as a function of operating variables such as solid inven-
tory, calciner temperature, CO, partial pressure, or the CaCO3 con-
tent in the solids coming from carbonator unit. The model
predictions, show that for typical average CO, partial pressures
in the calciner of around 0.8, solid inventory and calciner temper-
ature strongly determine the calciner efficiency obtained especially
when working with low temperatures (below 1173 K) and too low
inventories. The variable defined as active space time, Tactive, Which
is the ratio between the solids reacting in the bed and the CaCO3
entering the reactor, gives an insight to the calcination efficiency
of the reactor. Similar calciner efficiencies (for a given CO, partial
pressure, a reasonable solid inventory, and a given amount of
CaCOs arriving from the carbonator) have been obtained from
two extreme scenarios working with low solid circulation between
reactors with high sorbent make-up flow and vice versa, due to the
fact that practically the same 7,ve Were obtained in both cases.
These simulation results have helped to establish an operational
window for the calciner, when working with typical values of
CO,; captured in the carbonator from 8 to 10 mol C02/m2 s, of solid
inventories in the range of 8000-12,000 mol/m? (t ranging from 2
to 3 min) with calciner temperatures between 1173 and 1183 K.
These conditions lead to calciner efficiencies higher than 95% and
consequently, as low as 0.005 mol of CaCO3/mol of Ca in the solids
leaving the calciner will be expected. The model presented is a
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valuable tool for predicting and optimising the calciner efficiency
obtained in the CalL system, although further modifications of
this model will be done in order to take into account the effect of
the fuel burnt in the calciner or the coupling with a carbonator
model.

Acknowledgements

This work is partially supported by the European Commission
under the 7th Framework Programme (CaOling project). Financial
support for I. Martinez during her PhD studies is provided by the
FPU programme of the Spanish Ministry of Research and Innova-
tion (AP2009-3575).

References

[1] B. Metz, O. Davidson, H. de Coninck, M. Loos, L. Meyer, IPCC special report on
carbon dioxide capture and storage. Prepared by working Group III of the
intergovernmental panel on climate change, Cambridge University Press,
Cambridge, United Kingdom and New York, NY, USA, 2005. pp. 442.

[2] IEA, World energy outlook 2011, Executive Summary, 2011. <http://
www.iea.org/Textbase/npsum/we02011sum.pdf>.

[3] A. Sanchez-Biezma, J. Paniagua, L. Diaz, E. de Zarraga, J. Lopez, J. Alvarez, B.
Arias, M. Alonso, J.C. Abanades, A 1.7 MWt pilot to test postcombustion CO,
capture with Ca0O, in: International Conference on Coal Science and
Technology, IEA, Oviedo, Spain, 2011.

[4] T. Shimizu, T. Hirama, H. Hosoda, K. Kitano, M. Inagaki, K. Tejima, A twin fluid-
bed reactor for removal of CO, from combustion processes, Chem. Eng. Res.
Des. 77 (1999) 62-68.

[5] N. Rodriguez, M. Alonso, G. Grasa, J.C. Abanades, Heat requirements in a
calciner of CaCOs integrated in a CO, capture system using CaO, Chem. Eng. J.
138 (2008) 148-154.

[6] G.S. Grasa, ].C. Abanades, Narrow fluidised beds arranged to exchange heat
between a combustion chamber and a sorbent regenerator, Chem. Eng. Sci. 62
(2007) 619-626.

[7] 1. Martinez, R. Murillo, G. Grasa, N. Rodriguez, J.C. Abanades, Conceptual design
of a three fluidised beds combustion system capturing CO, with CaO, Int. J.
Greenhouse Gas Control 5 (2011) 498-504.

[8] B. Epple, Method and Arrangement for Separation of CO, from Combustion
Flue Gas, US 20100086456A1, 2008.

[9] J.C. Abanades, R. Murillo, Method for Recovering CO, by Means of CaO and the
Exothermic Reduction of a Solid, 2009.

[10] J.R. Fernandez, ].C. Abanades, R. Murillo, G. Grasa, Conceptual design of a
hydrogen production process from natural gas with CO, capture using a Ca-Cu
chemical loop, Int. J. Greenhouse Gas Control 6 (2012) 126-141.

[11] J.C. Abanades, EJ. Anthony, J. Wang, J.E. Oakey, Fluidized Bed Combustion
Systems Integrating CO, Capture with CaO, Environ. Sci. Technol. 39 (2005)
2861-2866.

[12] L.M. Romeo, ].C. Abanades, J.M. Escosa, J. Paiio, A. Giménez, A. Sanchez-Biezma,
J.C. Ballesteros, Oxyfuel carbonation/calcination cycle for low cost CO, capture
in existing power plants, Energy Convers. Manage. 49 (2008) 2809-2814.

[13] J. Strohle, A. Galloy, B. Epple, Feasibility study on the carbonate looping process
for post-combustion CO, capture from coal-fired power plants, Energy
Procedia 1 (2009) 1313-1320.

[14] C. Hawthorne, M. Trossmann, P. Galindo Cifre, A. Schuster, G. Scheffknecht,
Simulation of the carbonate looping power cycle, Energy Procedia 1 (2009)
1387-1394.

[15] M. Romano, Coal-fired power plant with calcium oxide carbonation for post-
combustion CO, capture, Energy Procedia 1 (2009) 1099-1106.

[16] Y. Yongping, Z. Rongrong, D. Ligiang, M. Kavosh, K. Patchigolla, J. Oakey,
Integration and evaluation of a power plant with a CaO-based CO, capture
system, Int. J. Greenhouse Gas Control 4 (2010) 603-612.

[17] 1. Martinez, R. Murillo, G. Grasa, ]. Carlos Abanades, Integration of a Ca looping
system for CO, capture in existing power plants, AIChE J. 57 (2011) 2599-
2607.

[18] M. Haines, First meeting of the IEA GHG High Temperature Solid Looping
Cycles Network, Greenhouse, Issues, number 94, 2009.

[19] J.C. Abanades, E.J. Anthony, D.Y. Lu, C. Salvador, D. Alvarez, Capture of CO, from
combustion gases in a fluidized bed of CaO, AIChE J. 50 (2004) 1614-1622.

[20] D.Y. Lu, RW. Hughes, EJ. Anthony, Ca-based sorbent looping combustion for
CO,, capture in pilot-scale dual fluidized beds, Fuel Process. Technol. 89 (2008)
1386-1395.

[21] A. Charitos, C. Hawthorne, A.R. Bidwe, S. Sivalingam, A. Schuster, H. Spliethoff,
G. Scheffknecht, Parametric investigation of the calcium looping process for

CO, capture in a 10 kW, dual fluidized bed, Int. J. Greenhouse Gas Control 4
(2010) 776-784.

[22] M. Alonso, N. Rodriguez, B. Gonzalez, G. Grasa, R. Murillo, J.C. Abanades,
Carbon dioxide capture from combustion flue gases with a calcium oxide
chemical loop. Experimental results and process development, Int. ].
Greenhouse Gas Control 4 (2010) 167-173.

[23] N. Rodriguez, M. Alonso, J.C. Abanades, Experimental investigation of a
circulating fluidized-bed reactor to capture CO, with CaO, AIChE J. 57 (2011)
1356-1366.

[24] A. Charitos, N. Rodriguez, C. Hawthorne, M. Alonso, M. Zieba, B. Arias, G.
Kopanakis, G. Scheffknecht, ].C. Abanades, Experimental validation of the
calcium looping CO, capture process with two circulating fluidized bed
carbonator reactors, Ind. Eng. Chem. Res. 50 (2011) 9685-9695.

[25] A. Galloy, A. Bayrak, J. Kremer, M. Orth, S. Plotz, M. Wieczorek, I. Zorbach, J.
Strohle, B. Epple, CO, capture in a 1 MWth fluidized bed reactor in batch mode
operation, in: Fifth International Conference on Clean Coal Technologies, IEA,
Zaragoza, Spain, 2011.

[26] D. Kunii, O. Levenspiel, Fluidized reactor models. 1. For bubbling beds of fine,
intermediate, and large particles. 2. For the lean phase: freeboard and fast
fluidization, Ind. Eng. Chem. Res. 29 (1990) 1226-1234.

[27] C. Hawthorne, A. Charitos, C.A. Perez-Pulido, Z. Bing, G. Scheffknecht, Design of
a dual fluidised bed system for the post-combustion removal of CO, using CaO.
Part I: Carbonator reactor model, in: J. Werther, W. Nowak, K.E. Wirth, E.U.
Hartge (Eds.), 9th International Conference on Circulating Fluidized Beds,
TuTech Innovation Gmbh, Hamburg, Germany, 2008, pp. 759-764.

[28] M. Alonso, N. Rodriguez, G. Grasa, ].C. Abanades, Modelling of a fluidized bed
carbonator reactor to capture CO, from a combustion flue gas, Chem. Eng. Sci.
64 (2009) 883-891.

[29] A. Lasheras, ]. Strohle, A. Galloy, B. Epple, Carbonate looping process simulation
using a 1D fluidized bed model for the carbonator, Int. . Greenhouse Gas
Control 5 (2011) 686-693.

[30] M.C. Romano, Modeling the carbonator of a Ca-looping process for CO, capture
from power plant flue gas, Chem. Eng. Sci. 69 (2012) 257-269.

[31] D. Kunii, O. Levenspiel, Circulating fluidized-bed reactors, Chem. Eng. Sci. 52
(1997) 2471-2482.

[32] G. Scheffknecht, L. Al-Makhadmeh, U. Schnell, J. Maier, Oxy-fuel coal
combustion - a review of the current state-of-the-art, Int. J. Greenhouse Gas
Control 5 (Supplement 1) (2011) S16-S35.

[33] G.S. Grasa, J.C. Abanades, CO, capture capacity of CaO in long series of
carbonation/calcination cycles, Ind. Eng. Chem. Res. 45 (2006) 8846-8851.

[34] B. Gonzalez, G. Grasa, M. Alonso, J.C. Abanades, Modeling of the deactivation of
cao in a carbonate loop at high temperatures of calcination, Ind. Eng. Chem.
Res. 47 (2008) 9256-9262.

[35] Y.Y. Lee, T, Hyppdnen, A coal combustion model for circulating fluidized bed
boilers, in: International Conference on Fluidized Bed Combustion, 1989. pp.
753-764.

[36] V. Wei3, F.N. Fett, H. Helmrich, K. Janssen, Mathematical modelling of
circulating fluidized bed reactors by reference to a solids decomposition
reaction and coal combustion, Chem. Eng. Process. 22 (1987) 79-90.

[37] J. Adédnez, J.C. Abanades, F.G. Labiano, LF. de Diego, Carbon efficiency in
atmospheric fluidized bed combustion of lignites, Fuel 71 (1992) 417-424.

[38] X.S. Wang, B.M. Gibbs, M.]. Rhodes, Modelling of circulating fluidized bed
combustion of coal, Fuel 73 (1994) 1120-1127.

[39] J. Adanez, LF. de Diego, P. Gayan, L. Armesto, A. Cabanillas, A model for
prediction of carbon combustion efficiency in circulating fluidized bed
combustors, Fuel 74 (1995) 1049-1056.

[40] R. Sotudeh-Gharebaagh, R. Legros, ]. Chaouki, J. Paris, Simulation of circulating
fluidized bed reactors using ASPEN PLUS, Fuel 77 (1998) 327-337.

[41] ]. Adanez, P. Gayan, G. Grasa, LF. de Diego, L. Armesto, A. Cabanillas,
Circulating fluidized bed combustion in the turbulent regime: modelling of
carbon combustion efficiency and sulphur retention, Fuel 80 (2001) 1405-
1414.

[42] L. Huilin, Z. Guangbo, B. Rushan, C. Yongjin, D. Gidaspow, A coal combustion
model for circulating fluidized bed boilers, Fuel 79 (2000) 165-172.

[43] K. Myohanen, T. Hyppdnen, J. Miettinen, R. Parkkonen, Three-dimensional
modeling and model validation of circulating fluidized bed combustion, ASME
Conf. Proc. 2003 (2003) 293-304.

[44] 1. Martinez, G. Grasa, R. Murillo, B. Arias, J.C. Abanades, Kinetics of Calcination
of Partially Carbonated Particles in a Ca-Looping System for CO, Capture,
Energy Fuels 26 (2012) 1432-1440.

[45] N. Rodriguez, M. Alonso, ]J.C. Abanades, Average activity of CaO particles in a
calcium looping system, Chem. Eng. J. 156 (2010) 388-394.

[46] R. Barker, The reversibility of the reaction CaCO3 = CaO + CO,, ]J. Appl. Chem.
Biotech. 23 (1973) 733-742.

[47] C.Hawthorne, H. Dieter, A. Bidwe, A. Schuster, G. Scheffknecht, S. Unterberger,
M. KdB, CO, capture with CaO in a 200 kWy, dual fluidized bed pilot plant,
Energy Procedia 4 (2011) 441-448.



7.5. Publicacion V

Publicacion V.

Hydrogen production through Sorption
Enhanced Steam Reforming of Natural

Gas: Thermodynamic plant assessment.

International Journal of Hydrogen
Energy. 2013, 38 (35): 15180-15199

217






INTERNATIONAL JOURNAL OF HYDROGEN ENERGY 38 (2013) 15180—-15199

journal homepage: www.elsevier.com/locate/he

Available online at www.sciencedirect.com

SciVerse ScienceDirect

International Journal of

Hydrogen production through sorption enhanced
steam reforming of natural gas: Thermodynamic
plant assessment

CrossMark

I. Martinez**, M.C. Romano?, P. Chiesa”, G. Grasa®, R. Murillo®

2 Instituto de Carboquimica (Consejo Superior de Investigaciones Cientificas), Miguel Luesma Castdn 4, 50018

Zaragoza, Spain

® politecnico di Milano, Dipartimento di Energia, Via Lambruschini 4, 20156 Milano, Italy

ARTICLE INFO

ABSTRACT

Article history:

Received 10 July 2013

Received in revised form

8 September 2013

Accepted 13 September 2013
Available online 11 October 2013

Keywords:

Hydrogen

CO, pre-combustion capture
Sorption enhanced reforming
Thermal integration

A detailed and comprehensive simulation model of a H, production plant based on the
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that high pressure steam is generated and used to generate power in a steam cycle.

A comprehensive comparison with conventional H, production technologies based on
fired tubular reforming (FTR) has been made by defining a proper set of performance in-
dexes. The investigation allowed to set the optimal design parameters and operating
conditions of the SER plant and conclude that a better hydrogen production efficiency can
be attained when reactors are designed for atmospheric pressure operations rather than
pressurized (3 bar) conditions. The SER plant with optimized design parameters (reformer
operating temperature at 923 K and a steam-to-carbon ratio in the initial charge around 2)
shows considerable improvements on the carbon capture ratio (around 99% for the SER
case vs. 85% for the FTR case) and on the natural gas to hydrogen conversion efficiency (by
around 15 percentage points) in comparison to the FTR based process featuring CO, cap-
ture. On the whole, a higher natural gas to hydrogen conversion efficiency by 9—15 per-
centage points, or by 3—6 percentage points when considering credits for steam and
electricity import/export, have resulted for the SER plant operating at atmospheric pres-
sure in comparison to the conventional hydrogen production process.
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1. Introduction

Hydrogen main applications comprise ammonia and meth-
anol synthesis, hydrocraking and hydroprocessing in re-
fineries, hydrogenation of ethylene, metallurgical processes
or glass production. Other recent applications of hydrogen as
low emission fuel for gas turbines, fuel cells and combustion
engines have also been proposed, which could result in large
hydrogen demands in a medium-to-long term [1]. There is
also global concern about reducing anthropogenic CO, emis-
sions to the atmosphere to mitigate the problem of global
warming. Among the different options to fulfil this objective
in the energy sector at a large scale, carbon capture and
storage arises as the only technology available to achieve this
deep emission reduction from fossil fuels usage [2]. In this
context, large scale hydrogen production processes including
CO, capture at a reduced cost and more efficient than existing
processes, constitute a great opportunity in the climate
change mitigation route [3,4].

Steam Methane Reforming (SMR) is the most widely used
technology to produce H, at commercial scale, responsible
for around 50% of the H, produced worldwide [2,5]. First step
entails the catalytic reforming of natural gas, NG, (reaction
1) at high temperatures and high pressure (typically
1073—1173 K and 15-30 bar). In the Fired Tubular Reforming
(FTR) arrangement, reaction takes place within catalyst-
filled alloy reactor tubes directly radiated by the flames of
external burners. Additional NG is usually burnt with air in
the furnace burners to supply the high temperature heat
required to sustain the endothermic reaction. FTR is fol-
lowed by a shift reaction stage (reaction 2) in the 623—673 K
temperature range to improve CO conversion to CO, and
enhance hydrogen yield [6,7]. In case CO, absorption is
performed on the synthesis gas before the hydrogen purifi-
cation unit, a second water gas shift reactor operating at a
lower temperature (around 473 K) is usually introduced to
increase CO, concentration in the gas and favour hydrogen
yield. The final H, separation in a Pressure Swing Adsorption
(PSA) unit allows removing other species in the product gas
leading to hydrogen purity greater than 99.9%. SMR repre-
sents the most valuable, commercially proven technology
for H, production on a mid to large scale compared to the
alternative technologies which are the current choice for
distributed (catalytic partial oxidation) or massive produc-
tion (coal gasification or autothermal reforming).

CH4 + HQO «CO + 3H2 AHzggK = +206.2 kJ/mOl (1)

CO + HzO‘-’COz + Hz AHzggK =—-415 k}/mol (2)

Despite its attractiveness, SMR presents important disad-
vantages [6] associated to expensive high alloy steels required
in the tubes, complexity of the process (high number of stages
with different catalysts) and thermodynamic constraints that
force to operate SMR at high temperatures and relatively low
pressure to enhance hydrogen yield [7-9].

To overcome the thermodynamic limitations of the SMR,
the Sorption Enhanced Reforming (SER) process proposes
the addition of a Ca-based CO, acceptor to the commercial

SMR catalyst so that the reforming, shift and CO, removal
processes (reactions 1, 2 and 3) take place simultaneously in
the reactor [10—12]. Although this work is focused on
employing a CaO-based material as CO, sorbent to perform
the SER process, other natural and synthetic sorbents like
dolomite or hydrotalcite have been proposed and experi-
mentally tested in fixed bed and fluidised bed reactors to
prove their suitability as CO, sorbents for carbon capture in
SER applications [11—16]. The combination of chemical and
separation reactions simplifies the process, improves effi-
ciency and enhances conversion and hydrogen yield
[9,11,12]. According to SER equilibrium, product gas with a
hydrogen content around 96% vol. (dry basis) is possible in a
wide range of temperatures from 923 K to 1023 K when using
CaO-based sorbents, and no shift catalysts would be
required at reaction conditions thanks to the CO, removal
reaction [8,11]. Because of the reactions occurring in the
same reactor vessel, energy released by exothermic shift
and carbonation reactions balances that required in the
endothermic reforming reaction, and no supplementary
energy would be needed to drive the reforming process like
in the SMR [8].

CaO + CO, <—>CaC03 AHzgsK = -178.8 k}/mol (3)

One of the main issues to consider in the SER process is
the sorbent regeneration stage, needed to continuously
regenerate the sorbent and allow cyclic operations.
Commonly, energy for sorbent regeneration is supplied by
direct combustion of a fuel, usually with pure O, to avoid
dilution of the CO, generated during sorbent calcination
[17,18]. In this configuration, temperatures around 1223 K
are required in the regenerator-combustor to favour calci-
nation reaction equilibrium, prevent Ca-sorbent from sin-
tering and avoid large sorbent replenishment [19,20]. Higher
calcination temperatures might be used if low sorbent ca-
pacity were accepted in the process, by using larger
amounts of sorbent, or in case that high sinter-resistant
synthetic sorbents were developed. Other alternatives have
been proposed to avoid the large-electricity demanding O,
production process that is required in the direct combustion
option described above. In these solutions calciner is
warmed up by sensible heat from hot gas/solid streams
introduced in the calciner [21-23], by indirect heating from
an external heat source [24,25] or by coupling an exothermic
reduction reaction in the calciner using CHy, CO or H, as
reducing agent [26—29].

There is a large number of published works on Ca-based
sorbent synthesis and performance, appropriate for SER
operation because of their low inert content and high cycle
stability [30—34], on experimental tests in fixed-bed reactors
for SER operation using Ca-based sorbents [8,13,14] and on
modelling fixed-bed or fluidized bed SER reactors that
elucidate the best operating conditions from an equilibrium
point of view [25,35—40]. Concerning process configuration,
multiple fixed bed reactors switching from H, production
and sorbent regeneration is the predominant reactor
configuration both for experimental and modelling research
on SER [13,25,39,40]. Ochoa-Fernandez et al. (2007) [17] and
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Solieman et al. (2009) [41] assessed a complete plant for H,
production based on a packed bed system with high pres-
sure reforming and low pressure calcination for H, pro-
duction and for electricity production in a combined cycle
power plant, respectively. From an industrial scale pro-
duction, this configuration of fixed bed reactors offers some
restrictions from continuous regeneration of the sorbent,
limited heat transfer and sorbent/catalyst separation, and
this is why it is commonly relegated to small production
scale [42]. Low pressure interconnected fluidized bed re-
actors have become a common option for SER operation
since it allows sorbent circulation between reactors and
easy adding/replenishment of solids in the system, and it
enjoys good heat transfer characteristics and uniform
temperature in each reactor [25,42]. Chen et al. (2011) [24]
assessed only the reactor system and considered low
pressure (2 bar) interconnected fluidized beds, with sorbent
regeneration at 1173 K by oxy-fuel combustion. Romano
et al. (2011) [18] considered the integration of an SER pro-
cess into a combined cycle based power plant, by using two
pressurized interconnected fluidized beds with high tem-
perature (1473 K) calcination by oxy-fuel combustion,
requiring improved sorbent and catalyst properties with
respect to the current technology. Although this reactor
configuration has already been demonstrated for other
processes in pilot scale plants, its main disadvantage when
used for reforming applications is that H, is delivered at low
pressure. Considering that low pressure applications are
rather uncommon, H, stream from this process requires
cooling and compression to be taken to the proper pressure
for its final utilization.

Although there is a wide database of published works
about SER referred to sorbent characteristics, experimental
tests and reactor modeling, there is still a gap of information
about complete hydrogen production plants based on SER to
analyze how the different operating conditions or assump-
tions considered influence plant performance. The main
objective of this work is to fill this gap of knowledge by
developing a complete simulation model of a hydrogen
production plant based on the SER process that delivers H,
at an adequate pressure to be compared with an SMR-based
plant. The model developed in this work comprises NG
treatment, H, and CO, compression, as well as H, purifica-
tion with a PSA unit that has been integrated within the SER
process by using the off-gas to be burnt with oxygen for
sorbent regeneration. A complete thermal integration has
been arranged between the available hot gas streams in the
plant so that high pressure steam is raised and used to
generate power in a steam cycle. Different performance in-
dexes have been defined to assess the thermodynamic
“quality” of the SER conversion process, set the main design
parameters of the plant and make a comparative analysis
with an FTR based plant.

2. Process simulation description

The hydrogen production plant simulation model based on
the SER process has been built up in Aspen Hysys. Perfor-
mance of the different case studies analyzed have been

compared with a reference plant based on a commercial
FTR arrangement, for a better assessment of the perfor-
mance in terms of energy consumption and carbon capture
rate.

2.1. Reference plant: steam reforming of natural gas
with CO, capture

The reference plant considered is based on conventional
natural gas steam reforming in an FTR arrangement, as
commonly installed in refineries [43—45]. A typical H, output
of 30,000 Nm3/h has been assumed as reference for all the
plants considered in this work. A detailed layout of this
reference plant featuring CO, capture by MDEA absorption is
shown in Fig. 1.

After the desulphurization step, NG is mixed with steam
and sent to an adiabatic pre-reformer operating at 32 bar. A
steam-to-carbon (S/C) molar ratio of 4 has been assumed to
ensure a satisfactory overall methane conversion in SMR and
CO conversion in WGS, so as to make possible a high CO,
capture ratio.” The pre-reformed charge is sent to the FTR,
designed to achieve an outlet reformed gas temperature of
1163 K. At the FTR exit, the reformed syngas is cooled down
by producing saturated high pressure steam (at 100 bar). This
configuration avoids problems related to metal dusting, since
the evaporating water keeps tubes below the critical tem-
perature for its initiation. Syngas, once cooled to 603 K, is
sent to a high temperature WGS reactor, where most of the
CO is converted to CO,, enhancing H, content in the syngas.
After cooling to 473 K, CO is further converted to CO, in a low
temperature WGS reactor, so that at the exit about 90% of the
carbon in the natural gas input is present in the syngas as
CO,.

Syngas from WGS section is then cooled to nearly ambient
temperature and sent to a chemical absorption section for CO,
separation. CO, capture is performed by means of an MDEA
chemical absorption process [46] that selectively removes
about 95% of the CO, releasing a H,-rich stream. The high-
purity CO, released in the stripper (whose reboiler requires
0.88 MJth per kg of CO, captured from condensation of 2.7 bar
steam) is then cooled, dried and compressed to the final
pressure of 110 bar. The CO,-lean H,-rich stream from the
MDEA process is then partly sent to the PSA unit for further
purification. PSA separates 90% of the inlet hydrogen as high
pressure, extremely pure stream. The PSA off-gas is mixed
with the syngas fraction by-passing the PSA and used as car-
bon lean fuel in the burners of the FTR furnace leading to 85%
of carbon capture ratio from the overall H, production
process.

The reference FTR plant without CO, capture differenti-
ates from the configuration shown in Fig. 1 because it lacks of
the low temperature WGS reactor and the CO, absorption
section, and NG is used as fuel in the FTR burners instead of

! Avoiding carbon deposition and ensuring enough steam-to-
dry gas ratio at high temperature WGS inlet are additional con-
straints calling for an adequate S/C ratio in the reforming charge.
An S/C of at least 2.7 has been selected to comply with all those
limits. This value has been adopted for the reference plant
without CO, capture later introduced.
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Fig. 1 — Layout of the H, production plant based on a Fired Tubular Reformer (FTR) used as a comparison.

low purity hydrogen. Syngas at the exit of the high temper-
ature WGS is hence cooled to nearly ambient temperature
and sent to the PSA purification unit, where high pressure
pure hydrogen is separated. The resulting low pressure off-
gas stream from the PSA is rich in CO, but still contains
significant fractions of combustible species (CH, and CO,
along with H,). It is therefore mixed with additional un-
treated NG and burned in the FTR furnace. Since high carbon
to CO, conversion is not essential in plants without CO,
capture, S/C ratio in the initial charge has been reduced to 2.7
just to comply with the requirements summarized in foot-
note 1. These changes allow a plant simplification and an
improvement of the overall NG to H, conversion efficiency
provided that unconverted methane and CO included in the
syngas stream are effectively exploited afterwards as fuel in
the FTR furnace.

In both plants, excess heat is available from syngas and
furnace flue gas cooling, with respect to the amount
required to guarantee the selected S/C ratio in the reformer.
Thus, heat is mainly recovered by producing high pressure
steam (100 bar) and a backpressure steam turbine is pro-
pelled by expanding steam, in order to improve efficiency of

the overall process. Steam is first expanded to an interme-
diate pressure of 40 bar, where part of the steam is extracted
to form the reforming charge. The extra steam available is
further expanded to 6 bar and is partly used for CO, strip-
ping (when the CO, absorption unit is used) and partly
exported from the SMR plant. It should be noted that the
high pressure evaporation level of 100 bar is higher than
typically adopted in current hydrogen plants. However, this
was considered a better assumption for benchmark plants,
for a fair comparison with mid-long term plants, adopting
advanced technologies and aiming at low emissions and
high efficiencies.

2.2. Sorption enhanced reforming of natural gas

Fig. 2 shows the layout of the hydrogen production plant
based on the SER process assessed in this work. Reformer
and calciner are circulating fluidized bed reactors operating
at the same low pressure and at different temperatures, so
that the CaO—CaCO; system is conveniently favoured in
each reactor. Temperature in the reformer has been varied
in the range between 873 K and 948 K, which lead to the
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maximum hydrogen yield in the SER equilibrium (reactions
1, 2 and 3) [8]. Reactions considered in the reformer-
carbonator are: (1) Reforming of the higher hydrocarbons
fed with the NG into CO and H, (reactions 4, 5 and 6), which
is considered as irreversible for all higher hydrocarbons
provided that enough catalyst activity exits [47]; (2) Activa-
tion of the Ni-based catalyst (in the form of NiO when
coming from the calciner) by reduction with the H, present
in the reactor (reaction 7); (3) Equilibrium between reform-
ing, water gas shift and carbonation reactions, responsible
for the improved CH, conversion in the SER process (re-
actions 1, 2 and 3). Charge fed into the reformer is usually
pre-heated to around 573 K, although at high reformer
temperatures (i.e. 923 K or 948 K) slightly higher reformer
inlet temperatures of 623—648 K are needed to keep the
reactor thermally neutral. Although reforming of hydrocar-
bons is strongly endothermic, there is generally a heat
excess in the reformer reactor because of the high temper-
ature and flow rate of solids coming from calciner, and due
to the heat released by CaO carbonation.

C4Hyo + 4H,0—4CO + 9H, AH,sex = +647.8 kJ/mol ©6)

CaO-based sorbent composition assumed in the simulation
model is 85% wt. of CaO over an Al-based support (considered
as Al,03 in the model for energy balance calculations), leading
to a CaO-based sorbent with residual 40% of active CaO after
repeated carbonation—calcination cycles, based on the liter-
ature published on high stability Ca-based sorbents for CO,
capture [30—33,48|. According to the activity of the Ca-based
sorbent assumed in this work, a minimum solid circulation
of 2.5 mol of Ca per mol of C at the entrance of the reformer
would be needed to fully adsorb all the CO, producible in the
reformer-carbonator. Thus, it has been chosen a solid circu-
lation of 3 mol of Ca per mol of C to have some excess of
circulating sorbent. As presented further on, the actual sor-
bent conversion in the carbonator will vary between 23 and
32%, as determined by the chemical equilibrium established
at the different operating conditions explored for the
reformer-carbonator (S/C, temperature and pressure). Ac-
cording to literature data, the resulting amount of active sor-
bent should lead to a highly reactive solid population in the
carbonator, allowing the reactor to operate very close to the
equilibrium with reasonable solid inventories [49—51].
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In addition, a typical commercial reforming catalyst of 18% wrt.
of Ni supported over Al,03; has been considered in the simu-
lations, using a reasonable catalyst-to-sorbent mass ratio of
0.3 in the solid stream from the calciner to the reformer
(calculated as mass of active catalyst, including the Al,03
support, with respect to the total amount of CaO in the Ca-
based sorbent) [36]. Steam-to-carbon ratio, S/C, in the gas
stream fed to the reformer-carbonator is usually in the 3-5
range to ensure high hydrogen yield [42] and therefore high
overall CO, capture rate. In this work, the S/C molar ratio in
the reformer charge has been varied within all the range that
complies with feasible plant operations.

Contrary to post-combustion Ca-looping processes,
where ash and CaSO, can accumulate in the circulating
solids, in principle no purge is required in this application
since an ash and sulphur-free fuel is burned in the calciner.
Sorbent and catalyst make-up is hence needed to
compensate the material loss due to attrition and entrain-
ment from the fluidized beds, which should be limited as
much as possible. Therefore it seems reasonable to assume
low make-up values leading to negligible effects on plant
mass and energy balances. On the other hand, the impact of
even small sorbent and catalyst losses might be important
on the operating costs, and therefore, experimental tests
focused on sorbent and catalyst mechanical resistances
would be needed to have reliable estimations on solids
losses to be introduced in the simulation model. In this
work, a minimum sorbent make-up flow of 0.001 mol of Ca
per mol of C fed into the reformer has been considered in
the SER plant to compensate for these losses [52,53] (not
depicted in the plant layout in Fig. 2 for the sake of
simplicity).

After cooling and heat recovery, gas from the reformer is
conditioned for compression by removing water in a
condenser at 304 K. After condensation, a H,-rich gas stream
is obtained (purity close to 97% for the highest S/C molar
ratio) and it is compressed up to 20 bar to be purified in a
PSA unit. H, compressor has been simulated as a 5-stage
intercooled compressor, with intermediate condensate
removal. PSA technique for hydrogen purification is based
on adsorbing selectively gas species different from hydrogen
on a solid surface of a microporous adsorbent such as zeo-
lites or activated carbons. It operates close to ambient
temperature and produces a nearly pure H, gas stream
(>99.9% of purity) at a pressure slightly lower than feed
pressure and an off-gas at low pressure, containing the
hydrogen not separated and the rest of impurities (CHy, CO,
CO,, Ny). H; recovery factor (HRF) usually ranges from 75 to
90%, greatly influenced by the off-gas to feed pressure ratio.
The lower the off-gas pressure, which can range between
atmospheric and about 10 bar, the higher the HRF and,
therefore, the lower the investment and the operating costs
[54]. For a PSA feed gas pressure of 20 bar, a 90% of HRF is
possible if PSA off-gas pressure is near atmospheric, but this
recovery factor is reduced to 85% if off-gas pressure goes up
to 2 bar [54]. Since comparison with the conventional steam
reforming plant sets hydrogen output pressure at 29 bar,
additional hydrogen compression obtained from the PSA
working at 20 bar is needed, as depicted in the plant layout
in Fig. 2.

Solids leaving the reformer are sent to the calciner reactor
that operates at a temperature high enough to ensure com-
plete calcination. This temperature is set by complying with a
number of conflicting requirements that can be summarized
as follows:

e the lower limit of the calciner operating temperature is the
equilibrium temperature of reaction (3) calculated (accord-
ing to Baker [55]) for the given CO, partial pressure in the gas
exiting the calciner (synthetic Ca-based sorbents can show
discrepancies with natural sorbents in the equilibrium data
for reaction (3). However, this effect has been neglected
since no information about equilibrium data of the syn-
thetic sorbent used is available and, in the absence of better
information, information for natural sorbent from Baker [55]
has been used);

a suitable temperature margin over the previous limit has to
be kept in order to provide enough driving force for reaction
completion;

on the other hand, as reported in the literature, temperature
difference between carbonator and calciner influences to a
large extent fuel consumption in the calciner [56]. Thus, the
higher the temperature margin, the lower the process con-
version efficiency. A 15 K temperature margin between
calciner temperature and equilibrium temperature of reac-
tion (3) has been assumed as an acceptable value to meet
these needs [57];

although commercial steam reforming catalyst can face
temperatures up to 1273 K, Ca-based sorbent capacity is
dramatically affected when going above 1223 K [19,20]. By
keeping the calcination temperature at this value and taking
into account the assumptions of previous bullets, the
maximum operating pressure of the two reactor system is
limited to about 3 bar.

Energy for sorbent calcination is supplied by burning
additional NG and the PSA off-gas under oxy-combustion
conditions. 95% purity oxygen (with 2% of N, and 3% of Ar in
mixture) comes from an Air Separation Unit (ASU), whose
energy consumption has been assumed equal to 250 kWh/ton
of O, produced [58]. To mitigate hot spots in the calciner, the
oxygen stream is diluted to 35% vol. O, content by recycling
part of the outlet gas stream from the reactor (stream 22 in
Fig. 2). An oxygen excess of about 7% has been taken into
account to ensure complete fuel combustion that results in
1.5% vol. oxygen content in the calciner outlet stream (wet
basis, equivalent to ~2.6% dry basis). Moreover, due to the
oxidant reaction atmosphere and the high temperatures in
the calciner, full oxidation of the catalyst has been assumed in
this reactor. The catalyst is then reduced in the reformer,
where reducing conditions exist, by oxidizing a fraction of the
reformer feed as in a chemical looping combustion
mechanism.

Gas from calciner is cooled down to 573 K before being
split into the stream recycled to the calciner and the one
going to purification and compression. A blower is needed
in the recycled gas line to compensate for the pressure
losses in the calciner and in the heat recovery system. After
further cooling and heat recovery, the stream, having a CO,
content of 93—94% vol. (dry basis), is purified from the non-
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condensable gases by means of a single stage auto-
refrigerated cryogenic process. The impure CO,-rich
stream is initially compressed by a three-stage intercooled
compression. The CO, knock out drum pressure was set to
obtain the required purity specification of 96% mol.,
resulting to be about 20 bar. CO, stream at the intermediate
pressure is then dried, cooled down to 219 K and sent to a
knockout drum, where the liquid stream is separated from
the non-condensable gas-rich stream. CO, rich stream is
further dehydrated with a circulating triethylene glycol
desiccant and/or molecular sieve to prevent plugging due to
ice formation in the cold section. The purified liquid CO, is
then throttled in a valve in order to reduce its temperature
and ensure a minimum internal AT of 2 K in the cryogenic
heat exchanger. The gaseous flow exiting the knockout
drum is also expanded to nearly atmospheric pressure in a
three-stage inter-heated cryogenic expander, recovering
part of the compression energy and contributing to the total
chilling power by further cooling the impure CO, stream
before entering the knockout drum. The CO,-rich gas
stream obtained goes through a second two-stage
compression section with intermediate cooling/condensa-
tion at 89 bar, and it is finally pumped to 110 bar.

Heat recovered from cooling gas streams is used to pre-
heat calciner and reformer feed streams, and to generate
superheated steam at 100 bar and 758 K that is expanded in a
steam turbine and supplies the steam required in the
reformer. To properly arrange the layout of the different heat
exchangers, composite curves (Temperature vs. Heat trans-
ferred) of gas stream from reformer (Fig. 3(a, b)) and from
calciner (Fig. 3(c)) have been drawn. High pressure econo-
miser (HP ECO) delivers water at 573 K close to saturation to
the evaporator that produces steam at 585 K. High pressure
steam can be generated thanks to the heat released from the
reactions inside the reformer (horizontal line in Fig. 3(a)) and
to the heat recovered from the outlet gas. Steam generated in
this way may reach half of the total amount of steam pro-
duced in the process when the reformer operates at 873 K,
the lowest reformer temperature analyzed in this study.
When the reformer operates at a higher temperature, more
energy is required to warm the inlet charge up to the reaction
temperature. Therefore, the energy available for steam pro-
duction in the reformer-carbonator diminishes or even re-
duces to zero when temperature exceeds 923 K, as explained
in Section 3.2.1. In Fig. 3(b) that refers to a case with a
reformer operating temperature of 923 K, the horizontal
stroke of the heat transfer composite curve is virtually
negligible. Additional low pressure steam is produced with
the remaining low temperature heat before the PSA purifi-
cation unit.

Fig. 3(c) depicts the heat recovery system associated to
the calciner outlet stream at a higher temperature than the
reformer. To reduce the maximum metal temperatures and
allow using cheaper materials, high pressure superheater
(HP Sh) has been placed after the evaporator at a lower
temperature without affecting plant performance. It should
be highlighted that no CO-rich syngas stream with high
carbon activity is generated in the system, allowing rising
superheated steam with no risk of incurring in metal dust-
ing corrosion. The total amount of steam produced from
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Fig. 3 — Composite curves (temperature vs. heat
transferred) of: (a) Gas from the reformer at 873 K and at
maximum feasible S/C (3.2), (b) Gas from the reformer at
923 K at maximum feasible S/C (2.2), (c) Gas from the
calciner at 1158 K (referring to reformer in (b) case) (dashed
lines refer to water/steam, and continuous lines to gas).
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heat recovery is expanded to 6 bar to fit the steam export
conditions as in the reference case. Steam required in the
reformer is drawn at 6 bar and expanded in an additional
turbine section to the required 1.27 bar reformer pressure.
Eventually, at high S/C ratio, the reformer reactor needs the
total amount of steam generated in the process and no
steam is therefore left for export. It has been also assumed
that boiler feed water is available at 6 bar and 423 K, partly
as returning condensate from heat utilities and from low
temperature waste heat recovery from the process and from
other units which can be available for example in a refinery.
The main assumptions made for the system evaluation are
summarized in Table 1.

3. Simulation results
3.1. Plant performance indexes

Different performance indexes have been defined to analyze
global performance of the assessed plant based on the SER
process, and to compare it with that of the plant based on
conventional steam methane reforming taken as a reference.
Fig. 4 shows a simplified diagram of the inputs and products of
the H, production plant assessed to help in the definition of
these performance indexes.

Hydrogen production efficiency, nu,, defined according to
Eqg. (8), is the ratio between the energy of the hydrogen output
and the energy of the NG fuelled into the plant (both based on
LHV).

- My, - LHV, ®)
M2 = - LHVnG

Reference FTR based plant produces 30,000 Nm>h of
hydrogen at 29 bar, common size for hydrogen plants installed
in refineries. Thus, H, production in the simulated plant based
on the SER process has been adjusted to this value as in the
reference case, and the energy of the H, output would be
about 90 MW in all the cases.

As mentioned before, SER plant layout has been designed to
have a 6 bar slightly superheated steam export as in the
reference plant design. The heat associated to this steam
export has been calculated assuming that steam at 6 bar is
condensed to saturated liquid (Qu). Electric consumption in
the reference FTR plant with CO, capture comes mainly from
the CO, compression and purification unit (CPU), which rep-
resents more than half of the total power output of the steam
cycle. Heat is required for stripping the solvent in the MDEA
process. In the SER plant, significant additional electric power
is required to run the H, compressor and the ASU. As a result,
electricity from the grid is required in the SER plant, which
exhibit a net electricity import in every case analyzed (W¢; < 0).

To consider the contribution of the electricity and heat
flows exchanged with the exterior, an equivalent NG thermal
input has been defined according to Eqg. (9). It represents the
NG actually dedicated to H, production and is calculated by
subtracting from the actual NG input the NG flow rate asso-
ciated to Qu, and We:

ch _ Wel (9)
N LHVNG  7e-LHVig

MNGeq = MG —

N 1S the reference thermal efficiency considered to produce
steam in a conventional industrial boiler (assumed as 90%),
and 7g is the electric efficiency of an NG fired power plant
(assumed as 58.3% [59]). Based on this equivalent NG input, an
equivalent hydrogen production efficiency (nequ») has been
defined according to Eq. (10):

My - LHVi,

_ _ 10
MNG.eq ' LHVNG (10

neq,HZ =

Nequ2 allows comparing homogenously the thermal perfor-
mance of plants that produce different amounts of the three
final products, properly accounting for the additional pro-
duction or consumption of utilities. This approach is justified
by considering, for example, that the hydrogen plant can be
located in a refinery, where steam production is considered a
valuable benefit. However, there could be some situations
where steam export is useless, and therefore, an alternative
performance index would be preferable to evaluate the
hydrogen production efficiency. So as to account for these
cases, an equivalent hydrogen production efficiency (7'eq,u2)
has been defined according to Eq. (11).

Titss - LHY,
Teqrn = ——— g (11)
Ting - LHVyg — —2
el

It includes an equivalent power generation W'¢; defined as
sum of the electricity output in the plant, W), and the elec-
tricity that could be produced by expanding to 0.05 bar the
steam available for export at 6 bar. A Qu, to W conversion
factor of 0.25 MJ./MJ, was assumed.

Considering the simplified diagram of the assessed plantin
Fig. 4, the carbon capture ratio (CCR) can be calculated with Eq.
(12) as the ratio between the mass flow rate of CO, sent to
storage arising from the CPU, and the mass flow rate of CO,
associated to the NG fed into the plant:

Ms - Ycoz.s
CCR=— 72> 12
Myc - LHVnG - Eng ( )

where yco, s is the mass fraction of CO, in the liquid stream
sent to storage (stream 25 in Fig. 2), and Exg is the specific CO,
emission per unit of energy input of NG (57.0 g of CO, per
MJiuv, according to the assumed NG composition in Table 1).
Since the non-converted carbon in the NG fed into the
reformer is used as fuel in the calciner, where it is trans-
formed into CO, for its storage, CO, emissions from the plant
come exclusively from the gas vented to the atmosphere in
the CPU (stream 26 in Fig. 2), and CCR values around 98% can
be attained. For the FTR reference plant, a larger quantity of
CO, is emitted to the atmosphere with the combustion flue gas
from the furnace and lower values of CCR are therefore
expected.

Specific CO, emissions (expressed as gCO, per MJ of H,
output) in the hydrogen plant are given by Eq. (13):
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Table 1 — Base assumptions made to construct the simulation model of the hydrogen production plant based on the SER

process.

Natural gas properties

Composition (% volume) 89% CHy; 7% CoHg; 1% C3Hg; 0.11% C4Hyo;
2% CO,; 0.89% N,
LHV (MJ/kg) 46.482 MJ/kg
S-removal unit
Operating temperature 638 K
NG pressure loss before S-removal 3 bar
SER loop
Ca-to-C molar ratio at the reformer inlet 3
Catalyst-to-sorbent mass ratio into the reformer 0.3
Ca-to-C molar sorbent make-up flow 0.001
Reformer inlet temperature 573—648 K
Reformer temperature 873—948 K
Calciner temperature 1158-1223 K
0O, content in the oxidant stream fed into the calciner 35% vol.
O, content in the calciner flue gas 1.5% vol.
Pressure loss in reformer/calciner 0.1 bar

Heat recovery system

Minimum temperature difference in gas—gas exchangers 20K

Minimum temperature difference in gas—liquid exchangers 10K

Minimum temperature difference in gas—boiling liquid exchangers 10K

Total pressure loss in a gas cooling line 9% of the initial pressure
Heat losses in each heat exchanger 0.7% of the heat transferred

Calciner recycle blower
Polytropic efficiency 80%
Mechanical—electric efficiency 94%

Steam cycle parameters

Live steam conditions 100 bar/758 K
Steam export pressure 6 bar

Steam turbine polytropic efficiency 80%

Steam turbine mechanical-electric efficiency 94%

H, compressor

Intermediate pressure for PSA separation 20 bar
Number of intercooled compression stages 5
Final H, pressure for plant export 29 bar
Additional compression stages 1
Inter-cooling temperature 304K
Inter-cooling pressure loss 1%
Polytropic efficiency for compression stages 80%
Mechanical—electric efficiency 94%

CO, compression and purification

Number of intercooled compression stages (before/after CO, purification) 3+2
Inter-cooling temperature 301K
Inter-cooling pressure loss 1%
Pressure at knockout drum 20 bar
Temperature at knockout drum 219K
Minimum AT in cryogenic heat exchanger 2K
Final CO, purity 96 %mol
Isentropic efficiency for cryogenic expander stages 82%
Mechanical-electric efficiency of cryogenic expander 90%
Outlet pressure after compression stages 89 bar
Final CO, pressure 110 bar
Isentropic efficiency of compression stages 84%
Pump hydraulic efficiency 80%
Mechanical—electric efficiency of compressors and pump 94%

NG expander
Polytropic efficiency 80%
Mechanical—electric efficiency 94%
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Fig. 4 — Simplified diagram of the main inputs and
products of the H, production plant in Fig. 2.
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Accordingly to Egs. (9) and (12), an equivalent CCR has been
also defined by Eq. (14) to account for the specific emissions
associated to the equivalent NG thermal input:

ms *Ycozs
CCReq = =
1" ting-LHVyG Eng — QunEm — Wer-Ea

(14)
where Ey, and Ee represent the equivalent specific CO,
emissions per unit of heat and electricity, respectively. They
can be defined according to NG composition and their

respective conversion efficiency resulting in Ey, = 63.3 gCO,/
MJ, and Ee; = 97.7 gCO/MW,. Based on this definition, CCReq
higher than 100% will be obtained if the net emission credits
associated to steam and electricity export compensate the
CO, released to atmosphere. In the SER plant described in
this work, where W¢; < 0 and almost all the CO, produced in
the reformer-carbonator is eventually captured in the
calciner, this can occur when CO, emissions (from a con-
ventional boiler) associated to steam export exceed those
CO, emissions (from a combined cycle) associated to the
electricity import.

The equivalent specific CO, emissions (gCO, per MJ of H,
output) can be estimated according to Eq. (15), including the
specific CO, emissions associated to the heat and electricity
produced (Qu, and Wey):

E. — mv‘)’coz.v — Wer'Eel — Qi Ew
e My - LHVi,

(15)

From this definition, negative equivalent specific CO, emis-
sions (Eeq < 0) are attained in case CCReq is higher than 100%.

Equivalent CCR'¢q and E'¢q can be also defined, based on
Egs. (14) and (15) respectively, by considering no steam export
and an equivalent power generated W'e, accounting for the
additional power producible by expanding the 6 bar steam in
analogy to 7'cq defined by Eq. (11).

Finally, an estimation of the thermal energy required to
avoid the emission of one kg of CO,, compared with the
reference plant without CO, capture, has been done through
the equivalent specific primary energy consumption for CO,
avoided (SPECCA.,) index, according to Eq. (16):

Table 2 — Performance parameters associated to the reference plant with and without CO, capture.

Reference FTR based plant

Reference FTR based plant
with CO, capture

S/C at reformer inlet

NG thermal input (MW)

Steam turbine electric output (MW)

CO, compressor electric consumption (MW)

Other plant auxiliaries (MW)

Net electric plant output (MW)

Heat Output (MW)

Equivalent NG thermal input (MW)

H, yield in the reformer (moles of H, obtained in
the reformer/equivalent CH, fed to the reformer?)

Overall H, yield (moles of H, output/moles
of equivalent CH,?)

N2 (%)

MNeq,H2 (%)

n,eq,HZ (%)

CCR (%)

GCReq (%)

CCR/cq (%)

E (gCOo/M]J of Hy)

Eeq (8C0,/MJ of Hy)

E'eq (8CO2/M]J of Hy)

SPECCA. (MJ/kg CO,)

SPECCA', (MJ/kg CO,)

2.70 4.00
121.94 130.79
3.34 3.84
= 2.15
0.96 1.35
2.39 0.34
8.62 4.06
108.27 125.69
3.08 3.60
2.46 2.29
73.98 68.78
83.33 71.57
79.03 70.03
= 84.92
= 88.37
= 86.47
77.02 12.49
68.39 9.26
72.10 11.01
= 3.33
= 2.66

& Equivalent CH, of a mixture of hydrocarbons is the amount of CH, that has the same capacity of generating H, by SMR and WGS reactions.
Therefore, the molar flow rate of equivalent CH, is defined as: Mcus.eq = Mcna + 7/4-Mcans + 5/2-Mcsns + 13/4-Mcario.
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SPECCA., = Measiz_Measzler 1000 (16)
Eeq,ref - Eeq

where 7equalrer is the equivalent hydrogen efficiency of the
reference plant without CO, capture, and Ecq and E et eq are the
equivalent specific CO, emission, in gCO, per MJ of H, output,
in the assessed plant and in the reference one without CO,
capture, respectively. For those cases where no steam uti-
lisation is present, an SPECCA'., could be estimated by
substituting in Eq. (16) 1eq,u2 and E'eq instead of 7eq 1, and Eeq
for both the reference and the assessed plants.

Operating parameters associated to the reference FTR plant
with and without CO, capture are reported in Table 2. As seen
from these results, CCR for the reference plant is near 85% with
a modest ny of 68.78%, well below ny; for the reference plant
without CO, capture (73.98%) mainly due to the inefficiencies
resulting from using H, as fuel in the FTR-furnace.

3.2. Sensitivity analysis

A sensitivity analysis has been carried out to appreciate the
effect of the main operating parameters on the SER plant
performance. Basis for calculation has been kept at
30,000 Nm>/h of pure H, output at 29 bar so that results can be
directly compared to those given for the reference cases in
Table 2.

3.2.1. Reforming temperature and S/C molar ratio

This section analyzes the effect of a variation of the
reformer-carbonator temperature and the S/C molar ratio on
the performance of the SER plant operating at around at-
mospheric pressure. When the reformer-carbonator reactor
of Fig. 2 operates at 873 K, the sensible heat provided by
cooling solids from the calciner and by the equilibrium of the
SER reactions is higher than heat required to heat up gaseous
reactants. This excess heat is therefore balanced by
supposing to raise HP steam at 100 bar in the reactor water-
walls or immersed tubes. As long as the reactor working
temperature increases, the excess heat reduces due to the
simultaneous reduction of the heat available from cooling
the solids and the increase of heat required to heat up
gaseous reactants. At 923 K operating temperature, the
excess heat virtually diminishes to zero so that higher
operating temperature could be achieved either by providing
additional heat from an external source or by supplying
hotter gaseous reactants. None of these alternatives have
been considered in the present analysis and, as a result, the
operating temperature of the reformer-carbonator is limited
in the range 873—923 K.

Since the PSA off-gas is used as fuel in the calciner, the
PSA regeneration pressure is actually constrained by the
calciner pressure so as to avoid an intermediate compressor.
In case the calciner is operated at atmospheric pressure, a
PSA feed pressure of 20 bar is suitable to reach an HRF of 90%
[54]. Burning the PSA off-gas and additional NG in oxygen
brings about CO, contents in the range of 55-59% at the
calciner outlet (stream 18 of Fig. 2). For a bed operated at
atmospheric pressure, 1158 K is the temperature required to

achieve complete calcination under the assumptions listed
in Section 2.2.

A variation range for the S/C ratio has been identified for
each temperature of the reformer-carbonator considered in
the analysis. The upper limit of this range corresponds to
that configuration where the total amount of steam
generated by heat recovery is used in the reformer-
carbonator and, consequently, there is no steam export at
6 bar. Under this condition, NG-to-hydrogen conversion
increases provided that steam excess favours reforming
and WGS reactions. Therefore, this configuration requires
the lowest NG input to the reformer to produce the
assigned hydrogen output. On the other hand, the high
conversion results in a low heating value of the PSA off-gas
and, therefore, a larger NG flow rate is sent directly to the
calciner as shown in Table 3. Results in this table also show
that the higher the reformer temperature, the lower the
upper bound of the S/C ratio variation range. As mentioned
before, as reforming temperature increases, temperature
difference between reactors decreases so that less heat is
available from cooling the solids. As a consequence, steam
generated in the plant reduces and lower S/C ratios are
achievable in the reformer.

Since a reduction of the S/C ratio enhances the off-gas
heating value, the lower bound of the S/C variation range is
set by the case where the calcination is sustained by exclu-
sively burning the PSA off-gas (i.e. no additional NG input in
the calciner is required). This solution leads to maximize the
6 bar steam export.

The results of the complete sensitivity analysis are
plotted in Fig. 5, where hydrogen production efficiencies and
specific CO, emissions are reported according to the
different definitions presented previously. Fig. 5(a) presents
the curves of the performance indexes, ny, and E, obtained
by varying the S/C ratio within the allowed range for
different temperatures in the reformer-carbonator. Both
reformer temperature and S/C ratio significantly affect pa-
rameters analyzed, with better performances at higher S/C
ratios and higher SER temperatures on both H, efficiency
and specific emission. Higher value of S/C ratio implies
larger CH, conversion in the reformer-carbonator and,
therefore, lower NG flow rate needed to accomplish the H,
production established for comparison. Moreover,
increasing reformer temperature translates into a reduced
temperature difference between reactors and, as a result,
lower heat input in the calciner for solid preheating. Both
tendencies cause NG thermal input to the plant to decrease,
making ny, increase as observed in Fig. 5(a). When credits
associated to steam export and power input are accounted
for the overall picture changes, as shown in Fig. 5(b). Ac-
cording to this scenario, operating at low reforming tem-
perature and low S/C ratio is preferable from a specific
emissions point of view, mainly thanks to the credits asso-
ciated to steam export. Under these conditions, a larger heat
input is required in the calciner due to the higher AT of the
solids to be heated up to the calciner temperature and the
higher circulation rate between the reactors. In these cases,
despite the higher electric consumption for O, production
and H, compression (containing a larger amount of impu-
rities in cases with lower S/C), the effect of the higher heat
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Table 3 — Sensitivity analysis results for the maximum and minimum values of S/C in the reformer at atmospheric

pressure for different temperatures (for these cases, calciner operates at 1158 K).
873K

Reformer temperature

S/C at reformer inlet 3.23
NG thermal input to the plant (MW) 112.6
% of NG sent to reformer 81.04
CaO to CaCOj3 conversion in the reformer, % 30.92
Total thermal input to the calciner, Heae (MW) 35.90
PSA off-gas thermal input to calciner (MW) 14.42
Heat extracted from reformer-carbonator (MW) 2.69
Steam turbine electric output (MW) 5.09
NG expansion (MW) 1.40
ASU electric consumption (MW) 2.98
H, compressor electric consumption (MW) 5.45
CO, compression and purification (MW) 2.54
Other plant auxiliaries (MW) 0.51
Net electric plant output (MW) —4.99
Heat output (MW) 0.00
Equivalent NG thermal input (MW) 121.2
H, yield in the reformer (moles of H, obtained in the 3.64

reformer/equivalent CH, fed to the reformer)
Overall H, yield (moles of H, output/moles of 2.66
equivalent CHy fed to the plant)

N2 (%) 79.90
Neq,H2 (%) 74.25
7 eq 2 (%) 74.25
CCR (%) 98.51
CCR.q (%) 91.54
CCReq (%) 91.54
E (gCO/MJ of Hy) 1.06
Eeq (8C0O2/MJ of Hp) 6.49
E'eq (8COo/MJ of Hy) 6.49
SPECCA. (MJ/kg CO5) 2.37
SPECCA/'cq (MJ/kg CO,) 1.24

893 K 923 K

1.82 2.93 1.86 2.16 1.98

115.8 111.0 113.1 107.6 107.7

100.0 83.77 100.0 96.37 100.0
24.60 29.68 24.37 24.58 23.35
38.17 34.41 35.79 31.22 31.28
38.17 16.28 35.79 26.78 31.28
5.87 1.42 3.48 0.05 0.18
5.30 4.69 4.78 3.78 3.76
1.44 1.38 1.40 1.34 1.34
3.23 2.86 3.02 2.59 2.60
5.80 5.50 5.80 5.75 5.83
2.62 2.51 2.55 243 243
0.52 0.48 0.48 0.39 0.40
—5.43 =524 —5.67 —6.04 —6.16
6.93 0.00 4.86 0.00 0.62

117.5 120.1 117.4 117.9 117.5
2.87 3.58 2.94 3.21 3.09
2.58 2.70 2.65 2.78 2.78
77.67 81.03 79.56 83.67 83.56
76.60 74.92 76.63 76.31 76.55
73.64 74.92 74.53 76.31 76.27
98.37 98.56 98.51 98.72 98.72
97.01 91.14 94.90 90.04 90.44
93.26 91.14 92.29 90.04 90.12
1.17 1.01 1.07 0.87 0.87
2.22 6.74 3.80 7.43 7.12
5.22 6.74 5.89 7.43 7.38
1.59 2.18 1.62 1.81 1.73
1.39 1.06 1.15 0.70 0.71

recovered and delivered as low pressure steam prevails. In
case steam is useless for export (Fig. 5(c)), configurations
with higher S/C and higher SER temperatures show better H,
production efficiencies (a smooth optimum S/C value can
actually exist), while differences in specific emissions
become smaller.

The maximum 7y, obtained in the analysis is 83.7%,
attained by the configuration featuring the highest
reformer-carbonator operating temperature (923 K) and
highest possible S/C ratio (2.16). Moreover, under these
conditions, 7eq,u2 and 7'equ2 Obtained are also among the
highest values from the cases analysed (76.3% both of them).
Temperature, pressure, flow rate and composition of the
main gas streams (referred to Fig. 2) of this case are reported
in Table 4.

When compared to the reference FTR technology, despite
the high energy demand in the calciner reactor, it is noticed
that between 10 and 20% less additional fuel is required in the
SER plant in comparison with the FTR plant including CO,
capture, as already assessed in the literature [8,10,17]. As a
consequence of this fact, and due to the higher CH4 conver-
sion in the reformer, further favoured by operating at atmo-
spheric pressure, the SER plant achieves higher ny, than the
FTR case with CO, capture. As seen from Fig. 5(a), the lowest
nup obtained for the SER plant is about 77.7% (operating at
873 K in the reformer and with minimum S/C ratio in the

reformer-carbonator), which is about 9 percentage points
above the ny, assessed for the FTR plant featuring CO, cap-
ture. When equivalent H, production efficiencies are consid-
ered, differences reduce but are still significant, with
improvements of about 3—6 percentage points for the SER
cases.

Also about specific emissions, SER cases show significantly
better results than FTR plants, thanks to the high carbon
capture rates. CCR and CCReq higher than 98 and 90%
respectively can be obtained, due to the fact that almost all the
carbon fed to the plant with NG is recovered as CO, for storage
in the calciner. In comparison, CCR and CCR.q evaluated for
the FTR case just limit to 84.9 and 88.4% respectively. Corre-
spondingly, specific emissions of the SER plants are signifi-
cantly reduced with respect to FTR. A 53% reduction in
equivalent emission E'c¢q (from 11.01 to 5.22 gcoo/MJm,) is
achieved by SER plant with 873 K reforming temperature and
minimum S/C ratio. Even higher reductions ensue for E and
Eeq indexes.

By combining energy consumption and emissions, it is
observed that SPECCA.; and SPECCA’.q; values of
1.59—-2.37 MJ/kgco2 (Vs. 3.33 MJ/kgco, of the FTR case) and
0.70—1.39 MJ/kgcoo (Vs. 2.66 MJ/kgcoo) are obtained respec-
tively, induced by both the high H, production efficiencies
and the nearly complete carbon capture achieved in the SER
plant. As commonly obtained in hydrogen production plants
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Fig. 5 — (a) nu2 Vs. E, (b) neq,u2 VS. Eeq and () #'eq 12 VS. E'¢q for
different reformer-carbonator temperatures and S/C ratios
at atmospheric pressure.

with CO, capture, it is confirmed that SPECCA.q values ob-
tained in this work for the SER plant are well below those
reported for power generation plants that, in the case of an
SER plant coupled with a gas turbine combined cycle, have
been estimated at 3.4 MJ/kg CO, avoided [18]. Certainly, this is
also a consequence of the intrinsic lower invasiveness of
including pre-combustion CO, capture in a plant producing
H, than in a power plant.

3.2.2. Operating pressure and PSA H, recovery factor

An elevated pressure for calciner and reformer reduces the
energy consumption to run the H, and CO, compressors
necessary to take the streams to the desired final values of
29 bar and 110 bar, respectively. However, lower CH, con-
versions in the reformer than those at atmospheric pressure
are achieved due to the negative effect of pressure on the
thermodynamic equilibrium of the SER reactions. Given the
maximum calciner temperature of 1223 K stated in Section
2.2 and according to the CO, partial pressure that results
from burning NG and PSA off-gas in the calciner, 3 bar is the
highest pressure limit for operating the calciner ensuring a
difference between equilibrium pressure of reaction (3) and
CO, partial pressure high enough to drive the reaction. Such a
difference is about 0.4 bar (around 0.1 in terms of CO, molar
fraction) and corresponds to a temperature difference of
around 20 K between equilibrium temperature and calciner
temperature.

In order to evaluate the effects of operating at 3 bar in the
reformer and in the calciner, a sensitivity analysis, similar to
that performed at atmospheric pressure, has been carried out
by modifying the temperature of the reformer-carbonator
and testing the range of feasible S/C ratios in the reformer.
Since the HRF in the PSA unit is dramatically affected by the
operating pressure ratio, feed gas pressure in the PSA unit
has been raised to 30 bar in this analysis to avoid excessively
reducing HRF. Doing so, the HRF remains at a proper value of
85% for an off-gas pressure of around 3 bar [54]. Conse-
quently, additional H, compression after the PSA unit is not
needed in these cases to reach the pressure of 29 bar set for
hydrogen output and PSA off-gas can be directly used as fuel
in the calciner with no need of compression. In addition to
these cases, a set of simulations has also been performed
considering the release of PSA off-gas at lower pressure
(1.27 bar) in order to re-establish an HRF in the PSA unit of
90% (maintaining feed gas pressure in the PSA unit at 20 bar
as in the cases in Section 3.2.1). In these cases, a compressor
has been added to pressurize the PSA off-gas up to the
calciner pressure, and additional compression would be
needed to reach the pressure of 29 bar set for hydrogen
output.

Table 5 reports plant performance obtained for maximum
and minimum S/C ratios at the different reformer tempera-
tures analysed. Compared with the results at atmospheric
pressure in Fig. 6(a) for a reformer temperature of 873 and
923 K, noticeably lower 7y, values and higher specific CO,
emissions result when operating at 3 bar. This is mainly due
to the higher temperature difference between two reactors,
which translates into a higher heat input in the calciner and
higher total NG thermal input to get the established hydrogen
output. Another reason of the lower 7y, is the negative effect
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Table 4 — Temperature, pressure, mass flow rate and composition of the main gas streams in Fig. 2, for reformer at 923 K

and atmospheric pressure, with the maximum S/C ratio of 2.16.

Streem T (K) P (bar) G (kg/s) M (kmol/s) Molar composition (%)

CH4 CcO COZ CQ+ Hz H20 N2 02 Ar
1 288.0 30.40 231 0.128 89.00 - 2.00 8.11 - - 0.89 - -
2 553.0 28.88 2.32 0.131 87.12 - 1.96 7.94 2.11 - 0.87 - -
3 638.0 27.36 2.32 0.131 87.12 - 1.96 7.94 2.11 - 0.87 - -
4 421.7 1.27 2.32 0.131 87.12 - 196 7.94 2.11 - 0.87 - -
5 648.0 1.27 7.43 0.415 26.44 - 0.59 241 0.64 69.65 0.26 - -
6 923.0 1.17 3.42 0.546 2.99 2.40 1.04 = 76.35 17.02 0.20 = =
7 673.0 1.09 3.42 0.546 2.99 2.40 1.04 - 76.35 17.02 0.20 - -
8 399.0 1.01 3.42 0.546 2.99 2.40 1.04 - 76.35 17.02 0.20 - -
9 304.0 1.01 2.12 0.473 3.44 2.76 1.20 - 87.97 4.39 0.23 - -
10 311.0 20.0 1.78 0.455 3.59 2.88 1.25 - 91.62 0.42 0.24 - =
11 311.0 29.0 0.75 0.372 - - - - 100.0 - - - -
13 421.7 1.27 0.10 0.005 87.12 = 1.96 7.94 211 - 0.87 = =
15 473.0 1.27 1.12 0.085 24.67 15.36 6.81 0.50 49.05 2.27 1.34 - -
16 298.0 1.27 2.87 0.089 - - - - - - 1.91 95.00 3.09
17 517.0 1.27 8.30 0.249 - - 37.92 - - 23.70 1.46 35.06 1.86
18 1158.0 1.17 13.42 0.395 - - 59.14 - - 36.97 1.21 1.50 1.17
19 825.4 111 13.42 0.395 - - 59.14 - - 36.97 1.21 1.50 1.17
20 790.9 1.09 13.42 0.395 - - 59.14 - - 36.97 1.21 1.50 1.17
21 745.0 1.06 13.42 0.395 - - 59.14 - - 36.97 1.21 1.50 1.17
22 573.0 1.01 5.42 0.160 - - 59.14 - - 36.97 1.21 1.50 1.17
24 304.0 1.01 6.55 0.155 - - 89.68 - - 4.43 1.84 2.28 1.78
25 302.7 110.0 6.24 0.143 - - 96.00 - - 0.00- 0.97 1.72 1.31
26 293.0 1.01 0.19 0.005 - - 33.85 - - - 28.27 20.80 17.07
27 423.0 6.00 5.03 0.279 - - - - - 100.0 - = =
28 573.0 100.0 0.03 0.002 - - - - — 100.0 - - -
29 573.0 100.0 2.05 0.114 - - - - - 100.0 - - -
31 758.0 100.0 5.03 0.279 - - - - - 100.0 - - -
32 444.8 6.0 - - - - - - - 100.0 - = =

of pressure on steam reforming equilibrium, leading to
reduced CH, conversions at a given temperature and S/C
ratio. As a result, the 5y, obtained when operating at 3 bar at
the same SER temperature is around 6—8 percentage points
lower than the corresponding case at atmospheric pressure.
However, ny, obtained at 3 bar is still above that obtained for
the FTR reference plant featuring CO, capture, and an
advantage of at least 3 percentage points has been obtained
for every case in Fig. 6(a) with respect to the FTR case. From
results in Table 5, it can be appreciated that the maximum S/
C ratio achievable at the different temperatures analysed at
3 bar is higher than the maximum S/C ratio feasible at at-
mospheric pressure, mainly because the higher temperature
in the calciner allows for a larger heat recovery, and therefore
a larger steam production. From an 7equ2 point of view, re-
sults are pretty similar for both pressures analysed when S/C
ratio in the reformer is minimized as depicted in Fig. 6(b).
When the operating pressure increases, there is a trade-off
between the benefit reported by a reduced electric con-
sumption of H, and CO, compressors together with the
increased steam production, and the disadvantage associated
to a higher NG thermal input and a higher ASU electric
consumption. As a consequence of these effects, in the best
Cases 7eq,u2 results in almost the same values when operating
at 3 bar, while specific emissions averagely reduce and turn
even negative in some cases, due to the emission credits

associated to steam export. However, if there is no steam
utilisation, #'equ> values at 3 bar are below those at atmo-
spheric pressure and differences of around 2—-3 percentage
points can be observed for a given S/C molar ratio and SER
temperature, according to Fig. 6(c). With respect to the FTR
reference plant, pressurized SER plants show better #cqu2
efficiency with a minimum advantage of around one per-
centage point. On the other hand, advantages of the high
pressure cases in terms of specific emissions are maintained
when no steam utilization is considered.

From the same figures, it can be observed that when HRF of
90% is re-established by reducing the pressure of the PSA off-
gas, an improvement of about 1 percentage point of 7y, and
7 equ2 15 Obtained with respect to the corresponding cases
with reforming reactor at 873 K, as well as for the maximum
Neq,u2 that raises up to around 77.5% if reformer is operated at
the minimum S/C ratio. Conversely, equivalent emissions
slightly reduce mainly due to the larger steam export. On the
whole, a moderate effect can be obtained by improving the
HRF in the PSA unit.

According to the results obtained for the performance in-
dexes at different pressures, operating at atmospheric pres-
sure is preferable from a hydrogen efficiency point of view
(either when there is external steam utilisation or not), while
pressurized cases shows lower specific emissions. From an
operation and economic point of view, pressurized reactors
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Table 5 — Sensitivity analysis results for the maximum and minimum values of S/C in the reformer at 3 bar for different

temperatures and two different HRF in the PSA unit (for these cases, calciner operates at 1223 K).

Reformer temperature 873K 923 K 948 K 873K
S/C at reformer inlet 4.30 2.02 3.67 2.12 3.24 2.21 4.34 1.86
PSA off-gas pressure (bar) 3.14 3.14 3.14 3.14 3.14 3.14 1.27 1.27
HRF in PSA (%) 85 85 85 85 85 85 90 90
NG thermal input (MW) 119.6 125.2 116.0 119.2 113.7 115.3 118.2 124.7
% of NG sent to reformer 79.8 100.0 83.8 100.0 87.7 100.0 76.2 100.0
CaO to CaCO3 conversion in the reformer, % 31.84 24.82 30.39 25.01 28.62 24.68 31.87 23.65
Total thermal input to the calciner, Hege (MW) 43.60 47.89 40.11 42.45 37.94 39.06 41.48 46.42
PSA off-gas thermal input to calciner (MW) 19.35 47.89 21.26 42.45 23.90 39.06 13.14 46.42
Heat extracted from reformer-carbonator (MW) 4.17 9.98 1.12 4.72 0.45 1.38 3.87 10.28
Steam turbine electric output (MW) 5.78 6.53 5.01 5.41 4.53 4.68 5.51 6.41
NG expansion (MW) 1.10 1.15 1.07 1.10 1.05 1.06 1.09 1.15
ASU electric consumption (MW) 3.53 3.97 3.25 3.50 3.07 3.19 3.42 3.92
H, compressor electric consumption (MW) 4.16 4.48 4.21 4.46 4.27 4.46 3.75 4.07
CO, compression and purification (MW) 2.06 2.15 2.00 2.05 1.96 1.99 2.03 2.14
Other plant auxiliaries (MW) 0.64 0.64 0.57 0.56 0.52 0.50 0.80 0.96
Net electric plant output (MW) —3.51 —3.56 -3.95 —4.06 —4.24 —4.40 —3.40 —3.53
Heat output (MW) 0.00 12.35 0.00 7.82 0.00 4.73 0.00 13.15
Equivalent NG thermal input (MW) 125.6 117.6 122.8 117.5 121.0 117.6 124.1 116.1
H; yield in the reformer (moles of H, obtained in 3.69 2.81 3.62 2.95 3.53 3.05 3.69 2.67
the reformer/equivalent CH, fed to the reformer)
Overall H, yield (moles of H, output/moles of 2.50 2.39 2.58 2.51 2.63 2.60 2.53 2.40
equivalent CH, fed to the plant)
M2 (%) 75.23 71.85 77.54 75.47 79.12 78.03 76.10 72.14
Teq,H2 (%) 71.63 76.51 73.28 76.59 74.36 76.51 72.51 77.46
N equ2 (%) 71.63 71.39 73.28 73.26 74.36 74.46 72.51 71.90
CCR (%) 98.13 97.95 98.26 98.16 98.36 98.31 98.23 98.06
CCReq (%) 93.44 104.31 92.86 99.62 92.44 96.40 93.61 105.29
CCR'eq (%) 93.44 97.33 92.86 95.28 92.44 93.82 93.61 97.73
E (gCO./MJ of Hy) 1.42 1.63 1.28 1.39 1.18 1.23 1.32 1.54
Eeq (8CO2/MJ of Hy) 5.22 —-3.21 5.55 0.29 5.79 2.68 5.02 ~3.89
E'eq (8COo/M]J of Hy) 5.22 2.13 5.55 3.67 5.79 4.73 5.02 1.80
SPECCA¢q (MJ/kg CO5) 3.10 1.49 2.62 1.55 2.31 1.63 2.82 1.26
SPECCA'¢q (MJ/kg CO,) 1.95 1.94 1.49 1.46 1.20 1.15 1.69 1.78

would lead to compact vessels and less compression re-
quirements, which would turn into lower investment costs
expected, with possible lower cost of hydrogen produced and
CO, avoided.

3.2.3. Effect of Ca-to-C molar ratio in the reformer

The Ca-to-C molar ratio chosen at the reformer inlet de-
termines the solid circulation between reactors and, there-
fore, the energy balance in the system. So far, the Ca-to-C
molar ratio in the reformer has been set to 3, leading to CaO
to CaCOs; conversions between 23 and 32% in the cases
assessed (meaning 58—80% conversion of the active CaO).
For a given operating temperature of reformer-carbonator
and calciner, the higher the Ca-to-C molar ratio, the higher
the fuel thermal power required in the calciner (Hcac) to
heat the incoming solids up to the calcination temperature.
Correspondingly higher sensible heat of the solids is
released in the reformer leading to a larger steam produc-
tion. The increase of fuel input to the calciner and the
amount of steam exported for a given S/C ratio, have
opposite effects on 7nequz and 7equz. In the equilibrium
reactor model assumed for the reformer-carbonator reactor,
any other effect associated to changes in the Ca-to-C molar
ratio (e.g. gas—solid contact time, reaction kinetics) cannot

be observed. More detailed reactor models (including reac-
tion kinetics, gas—solid mixing model or reactor dimen-
sioning) would be needed to evaluate these effects.
Therefore, considerations shown in this work are consistent
with the equilibrium calculations assumed for the reformer-
carbonator reactor.

To analyze the overall effect of the Ca-to-C molar ratio in
the plant performance a sensitivity analysis has been carried
out with reference to the case with atmospheric reformer
operating at 873 K and 2.5 S/C ratio. The temperature chosen
allows wide variability of the S/C ratio to the reformer while
the S/C ratio optimises % cq 2, Whereas nu, and 7equ2 show
small improvements for higher S/C ratio. Under these refer-
ence conditions, setting the Ca-to-C ratio equal to 3 brings
about a 28.8% conversion of CaO to CaCOs in the reformer
(corresponding to a conversion of around 72% of the active
CaO0) and heat fuel input required in the calciner Hey is equal
to 36.5 MWy (of which 21.0 MWy supplied by the PSA off-
gas).

Different values have been assigned to the Ca-to-C ratio
(2.5, 2.75, 3, 3.5 and 4) as depicted in Fig. 7. By modifying
this ratio, the amount of catalyst circulating between the
reactors is accordingly changed to maintain the given
catalyst-to-sorbent mass ratio of 0.3. Despite the H,
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Fig. 6 — (a) 7u2 Vs. E, (b) eq,u2 VS. Eeq and () n'eq,u2 V. E'eq for
different reformer-carbonator temperatures and S/C ratios
at 3 bar, compared with the atmospheric pressure cases at
873 and 923 K in the reformer-carbonator (already depicted
in Fig. 5).
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Fig. 7 — (a) H, production efficiencies, specific emissions
and (b) SPECCA.q, SPECCA’.q Vs. Ca-to-C molar ratio for
reformer-carbonator at 873 K and atmospheric pressure.

consumed in the reformer-carbonator by catalyst activation
(according to Eqg. (7)), H, yield in the reformer (mol of Hy/
mol equivalent CH, as defined in Table 2) is almost constant
between 3.37 and 3.40 when modifying the Ca-to-C ratio
since the S/C ratio remains invariable at 2.5. However, it can
be noticed in Fig. 7(a) that ny, decreases substantially from
around 81% to almost 76% when increasing Ca-to-C ratio
from 2.5 to 4, due to an increase in Heae (from 34.9 MWy
to 39.7 MWyyvy). On the contrary, negligible effect of the Ca-
to-C ratio is observed on nequ2 (constant at around 75.7%)
because of the credits associated to the higher steam export
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(up to around 7 MW at Ca-to-C of 4), which compensate the
larger NG thermal input into the process. If steam export is
not possible and steam produced can only be used for
electricity production, #'equ. decreases from 75.1% to 72.9%
with the Ca-to-C molar ratio. This reduction is not as pro-
nounced as for nu», since the additional electricity produced
reduces the net electricity import and moderates the effect
on n/eq,H2~

As far as specific emissions are concerned, it is observed
that higher Ca-to-C ratios have practically no effect on E, since
CCR in the plant is nearly independent on Hcqc, While E.q and
E'eq reduce due to the benefits on the avoided emissions
associated to heat and power export.

As a result of the combined effects of H, production effi-
ciency and emissions, a slight reduction of around 0.10 MJ/kg
CO, and a more pronounced increase of around 0.60 MJ/kg CO,
avoided are observed for the SPECCA.q and SPECCA'¢, in-
dexes, respectively, when increasing the Ca-to-C from of
2.5—4.0 (Fig. 7(b)).

4, Conclusions

A detailed and complete simulation model of a H, production
plant based on the Sorption Enhanced Reforming (SER) pro-
cess has been developed to analyse how the different oper-
ating conditions or assumptions considered influence plant
performance. A complete thermal integration has been also
performed between the available hot gas streams in the plant
so that high pressure steam is generated and used to generate
power in a steam cycle.

The sensitivity analysis showed that operating parameters
of the SER plant (reformer temperature, S/C ratio and oper-
ating pressure) fairly affect the mix of products (hydrogen,
electricity, heat) and proper performance indexes were
introduced to compare the different conditions considered.
Comparison is further influenced by the specific installation
site, since credits for steam/electricity export/import depend
on the respective generation technologies in the specific site
considered.

When credits for steam export are considered, low S/C
ratios are preferable for both equivalent H, efficiency and
CO, emissions, since the positive effect of steam export
becomes important. However, in case steam export is
useless, an optimal S/C ratio exists for each temperature
and pressure analyzed that maximises the equivalent H,
efficiency, although the higher the reformer temperature,
the higher the equivalent hydrogen efficiency obtained in
every case. The analysis also showed that a slight pres-
surization of the plant (from atmospheric to 3 bar), nega-
tively affects plant efficiency although it can provide an
advantage in terms of investment costs because of more
compact reactor vessels and smaller requirements con-
cerning H, and CO, compression. Moreover, it has been
observed that higher pressure cases have lower specific
emissions than operation at atmospheric pressure. Thus,
an economic analysis would be decisive to determine the
optimum set of operating conditions, especially, with
respect to operating pressure.

From a hydrogen efficiency point of view, operating at at-
mospheric pressure and at the highest reformer temperature
of 923 K is preferable (either when there is outer steam uti-
lisation or not), and 7z, Nequ2 and 7 equ2 as high as 83.7%,
76.3% and 76.3%, respectively, can be obtained for the
maximum S/C ratio of 2.16.

Comparing the results obtained with a conventional SMR
based plant using commercially available amine absorption
for CO, capture, it was observed that hydrogen efficiencies
for SER plant at atmospheric pressure were well above
those for the SMR plant. Looking at the lowest 7y, of 77.7%
obtained for the SER plant, when operating at 873 K in the
reformer with minimum S/C ratio of 1.82, it is around 9
percentage points higher than the 7y, assessed for the FTR
plant featuring CO, capture. When equivalent H, produc-
tion efficiencies are considered, differences reduce but are
still significant, with improvements of about 3—6 percent-
age points for the SER cases. However, differences in
hydrogen efficiencies between SER and SMR plants become
smaller when high pressure operation is considered for the
SER plant. The thermodynamic benefit highlighted could
even be a minor advantage offered by the SER plant
compared to the significantly lower reformer operating
temperature and the intrinsic plant simplicity characteristic
of SER process (with respect to conventional FTR
technology).

Finally, it was analysed the effect of the solid circulation
rate between reformer and calciner into plant performance
indexes, and it was observed that, generally, the lower the
solid circulation assumed (low Ca-to-C molar ratio), the
higher the hydrogen efficiencies reported for the SER plant,
for a given operating temperature and pressure. Thus, the
development of highly active sorbents would allow
reducing the solid circulation rate and therefore, increase
the efficiency of the process. The effect on the equivalent
specific emissions is opposite to that observed for the effi-
ciency, and the higher the circulation rate between re-
actors, the lower the specific emissions. This is due to the
positive effects of exporting steam and electricity, produced
with much lower emission than the reference plants
without CO, capture. Of course, this result is strictly linked
to the performance of the reference technologies and it
would partly change in case a carbon constrained world
scenario is assumed, with lower efficiency and low emis-
sion reference power plants and boilers. In this case, credits
for steam and electricity export/import would be different
and, for example, much smoother effects on specific emis-
sion would be expected.
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Nomenclature

E specific CO, emissions in the hydrogen plant, gCOy/
M]J of H, output

Ea equivalent specific CO, emissions per unit of
electricity, 97.7 gCO,/MWg

Eeq equivalent specific CO, emissions in the assessed
SER plant, gCO,/M]J of H, output

Eng specific CO, emissions per unit of energy input of NG,
57.0 gCO,/MJ of NG

Eeqref  €quivalent specific CO, emissions in the reference
plant without CO, capture, gCO,/MJ of H, output

Ew equivalent specific CO, emissions per unit of heat,
63.3 gCOo/ MWy,

Healc fuel thermal input to the calciner, MW v

Mu2 mass flow rate of the H, output, kg/s

M; molar flow rate of component i, kmol/s

mnG mass flow rate of the natural gas input to the plant,
kg/s

Mnceq mass flow rate of the equivalent natural gas input,
kg/s

s Mass flow of the liquid stream sent to storage, kg/s

Ty mass flow of the gas vented to the atmosphere, kg/s

Qtn thermal power output of the steam export, MW

We electricity power output of the plant, MW

W equivalent power generation including electricity

from expanding the available steam export, MW

Ycoz,s  mass fraction of CO, in the liquid stream sent to
storage

Ycozv ~ mass fraction of CO, in the gas vented to the
atmosphere

Acronyms

ASU Air Separation Unit

CCR carbon capture ratio

CCReq equivalent carbon capture ratio

ECO economiser

EVA evaporator

FTR fired tubular reformer

HP high pressure

HRF hydrogen recovery factor in PSA

LHV lower heating value

NG natural gas

PSA pressure swing adsorption

SER sorption enhanced reforming

SH superheater

SMR steam methane reforming

SPECCA.q equivalent specific primary energy consumption
for CO, avoided

SPECCA’q equivalent specific primary energy consumption
for CO, Avoided (for those cases with no steam
utilisation)

VLP very low pressure

WGS  water gas shift

Greek letters
Nel electric efficiency of a conventional natural gas
combined cycle

Nequz  €quivalent H, production efficiency

equivalent H, production efficiency (when there is
no steam utilisation)
MeqH2| equivalent H, production efficiency of the reference
plant without capture
MH2 hydrogen production efficiency
Nth reference thermal efficiency of a conventional

industrial boiler

/
neq,HZ
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A detailed and comprehensive design of a H, production plant based on a novel Ca/Cu chemical looping
process is presented in this work. This H, production process is based on the sorption-enhanced reform-
ing concept using natural gas together with a CaO/CaCO3 chemical loop. A second Cu/CuO loop is incor-
porated to supply energy for the calcination of the CaCO3 via the reduction of CuO with a fuel gas. A
comprehensive energy integration description of the different gas streams available in the plant is pro-
vided to allow a thermodynamic assessment of the process and to highlight its advantages and draw-
backs. Hydrogen equivalent efficiencies of up to 77% are feasible with this novel Ca/Cu looping
process, using an active reforming catalyst based on Pt, high oxidation temperatures and moderate gas
velocities in the fixed bed system, which are around 6% points above the efficiency of a reference H, pro-
duction plant based on conventional steam reforming including CO, capture with MDEA. Non-converted
carbon compounds in the reforming stage are removed as CO; in the calcination stage of the Ca/Cu loop-
ing process, which will be compressed and sent for storage. Carbon capture efficiencies of around 94% can
be obtained with this Ca/Cu looping process, which are significantly higher than those obtained in the
reference plant that uses MDEA absorption (around 85%). Additional advantages, such as its compact
design and the use of cheaper materials compared to other commercial processes for H, production with
CO, capture, confirm the potential of the Ca/Cu looping process as a pre-combustion CO, capture tech-
nology for H, production.
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1. Background and scope

Hydrogen is mainly used today in ammonia, oil refining and
methanol production plants. The share of hydrogen production in
the global emissions of CO, is relatively small (the emissions from
steam methane reformers are estimated to account for about 3% of
the global emissions [1]), but the demand for hydrogen is expected
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to grow in the future due to the growth of ammonia production
and to the increase in the use of H, for the production of light
and low-sulphur oil distillates in hydrotreating and hydrocracking
processes [2]. In addition, in a carbon-constrained world, the use of
hydrogen as an energy carrier is expected to rise, in refineries as a
fuel for power generation, in boilers and process heaters [3,4] or
even as a fuel for transport assuming that the hydrogen economy
continues to develop [5].

Synthesis gas (and therefore hydrogen) can be produced from
almost any carbon source ranging from oil or natural gas to coal
and biomass. Natural gas is the most widely used feedstock be-
cause of its low overall H, production costs at the most common
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Nomenclature

eco,Nc  hatural gas emission factor (2.65 kg CO,/kg NG)

Eeq equivalent CO, specific emission (g CO»/MJ H, output)

Eeq ref equivalent CO, specific emission in the reference plant
without capture (g CO,/M] H; output)

Mco,.capt Mass flow rate of CO, captured

MMy, mass flow rate of the H, output (kg/s)

1iNG mass flow rate of the natural gas input (kg/s)

Mnceq  Mass flow rate of the equivalent natural gas input (kg/s)

Qu thermal power output of the steam export (MW)

Tgin,i gas temperature at the inlet of stage i of the Ca/Cu loop-
ing process (K)

Traxi maximum temperature achieved in stage i of the Ca/Cu
looping process (K)

We electricity power output of the plant (MW)

Acronyms

CCR carbon capture ratio

CCR,y  equivalent carbon capture ratio

CLC chemical looping combustion

ECO economiser

EVA evaporator

FTR fired tubular reformer

HP high pressure

HT high temperature

LHV lower heating value

LT low temperature

NG natural gas

PSA pressure swing adsorption
SER sorption enhanced reforming
SH superheater

SMR steam methane reforming

SPECCA specific primary energy consumption for CO, avoided
VLP very low pressure
WGS water gas shift

Greek letters

Nelref electric efficiency of a conventional natural gas com-
bined cycle
Neq equivalent H, production efficiency

Neqh,_ref €quivalent Hy production efficiency of the reference
plant without capture

M, hydrogen production efficiency
Nih,ref reference thermal efficiency of a conventional industrial
boiler

plant scales. There is also widespread interest in mitigating climate
change mainly by reducing the amount of CO, emitted to the
atmosphere from large stationary sources. In the medium-to-long
term, large fossil-fuel H, production plants fitted with CO, capture
and storage systems (CCS) will form part of a privileged branch of
technology, and therefore, R&D should be devoted to make CCS
technically and commercially efficient by improving plant effi-
ciency, reducing capital costs, and increasing the operational flex-
ibility and reliability of hydrogen production systems.

The dominant H, production technology on a large scale is the
steam methane reforming (SMR), which is responsible for around
50% of the hydrogen produced worldwide [6,7]. SMR comprises
two reaction steps: a first reforming step operating at high temper-
ature between 1073 and 1173 K and at high pressure using a nick-
el-based catalyst (reaction 1), and a second shift reaction which
can be carried out either in a single stage or in two stages at differ-
ent temperatures to enhance the conversion of CO to CO, (reaction
2). In the second case, the first shift stage is usually performed at
high temperatures of 623-783 K over a chromium-iron oxide cat-
alyst promoted by the addition of a small amount of copper (1-
2 wt.%), whereas the second shift reactor operates at a lower tem-
perature of 453-603 K over a copper-zinc catalyst so that the CO
fraction is reduced to around 3 vol.% of the gas leaving the second
shift reactor [6,8]. H, production by SMR is performed at a high
pressure of around 1500-3000 kPa for the sake of economy despite
its negative effect on methane conversion [8]. However, further
purification steps are needed after the shift reactors to attain the
high degree of H, purity necessary for its final use.

CH4 + H,;0 <« CO + 3H, AHjgs x = +206.2 l<]/mol (1)

CO +H,0 <~ CO, +H, AHjog k = —-41.5 kj/mol (2)

Although SMR is the most efficient and economic process for H,
production on a large scale compared to the rest of the technolo-
gies in common use today such as partial oxidation, coal gasifica-
tion or autothermal reforming, it has serious drawbacks [8]. The
stringent conditions of high pressure and high temperature that
are required in the reforming reactor as well as the high endo-
thermicity of the reforming reaction, entail large additional fuel

requirements in the reactor to guarantee the supply of the energy
needed for the reforming reaction. Although the thermal efficiency
of a tubular reformer and waste heat recovery section is close to
95%, the overall efficiency has been estimated to be in the range
of 70-80%, when defined as the energy (on a LHV basis) of the
H, product obtained in relation to the total LHV thermal input
(natural gas and additional fuel) [6,9-11]. Efficiency can be in-
creased if the amount of heat transferred in the tubular reformer
is reduced by using a pre-reformer to decompose the large hydro-
carbons before the SMR. Another option for improving efficiency is
to increase the energy transferred to the reformer via a convective
heat-exchange reformer (also known as gas heated reformer),
where the hot product gas is cooled with the transfer of heat to
the gas inside the reformer [8,12]. However, this option also entails
the risk of metal dusting corrosion. Proper construction materials
and the coating of exposed surfaces are required for the efficient
recovery of heat from a high CO content process gas with a carbon
activity higher than 1 in the 673-1073 K temperature range
[13,14].

Thermodynamic constraints require the SMR to be operated at
high temperatures and low pressures to facilitate high methane
conversion [15,16]. However, the production of low pressure H,
would require a subsequent compression stage before it could be
used in synthesis processes or as fuel for gas turbines, which would
probably make the process economically unfeasible [8]. The possi-
bility of combining reaction and separation in order to simplify the
process, enhance efficiency and improve the hydrogen yield has
gained in importance. By equipping the reforming reactor with a
H, selective membrane, equilibrium limitations can be overcome
since the H, produced can be continuously withdrawn from the
reacting gas by allowing it to permeate through the membrane.
Lower operating temperatures than those required in SMR would
then be possible [6,17,18]. A large number of experimental and
modelling studies have been undertaken not only to demonstrate
the viability of this concept but also to reduce costs and improve
the design features, performance and efficiency of this technology
[18-22]. One of the disadvantages of this process is that the driving
force for H, separation is the partial pressure difference between
each side of the membrane, which results in low pressure hydro-
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gen production. However, when high purity H; is not required, for
example in gas turbine applications, high feed pressures and a
sweep gas on the permeate side will make hydrogen compression
unnecessary [21,23-25].

An alternative to membrane reactors for enhancing the thermo-
dynamics of the system is the sorption enhanced reforming (SER)
process, which involves the addition of a Ca-based CO, acceptor
to the commercial SMR catalyst so that the reforming, shift and
CO, removal stages (reactions 1, 2 and 3) take place simulta-
neously in the reactor [15,16,26-35]. The CO, removal reaction
yields a product gas under equilibrium conditions with a hydrogen
content of around 96% (dry basis), which remains constant over a
wide temperature range from 923 K to 1023 K. This temperature
range is well below that required for a conventional catalytic
SMR process, eliminating the need for expensive and troublesome
tubular reformer reactors and favouring the use of cheaper materi-
als and heat exchanger equipments [15,16,29,36]. A shift catalyst is
not required in the SER process since the shift reaction is favoured
by the removal of CO,, making the SER much simpler than SMR. In
the SER process, the heat released by the shift and the CaO carbon-
ation reactions balances the energy required by the endothermic
reforming process, and therefore no external heating is required
by the reforming reactor.

Cao + C02 — Cac03 AHzgg K= -178.8 k_]/mol (3)

However, to ensure continuous operation, the CaCO3; formed by
the CO, removal reaction must be regenerated in a second reactor
(named calciner) to enable it to be cyclically used. This regenera-
tion is highly endothermic and requires external energy to provide
heat for calcination. It has been widely proposed that the energy
for regeneration could be supplied by the direct combustion of
additional fuel in the calciner or regenerator [37-39], although
indirect heating by heat exchangers using a portion of the recycled
gas heated by additional fuel combustion has also been proposed
[15,16,28,40]. Another alternative is the zero emission gas (ZEG)
concept, which is based on coupling the SER reactor to a solid oxide
fuel cell (SOFC) so that the high-temperature waste heat produced
in the SOFC is used by means of an indirect heat exchange system
to perform the endothermic calcination process at a temperature of
around 1173 K [41]. This concept seems promising in the medium-
to-long term as long as the technical challenges related to the heat
transfer loop and SOFC materials can be solved. Other alternatives
include the lime enhanced gasification (LEGS) process, which al-
lows coal gasification to be carried out in the presence of a Ca-
based sorbent and thereby enhances the hydrogen yield. Energy
for the regeneration of the sorbent is supplied by burning the
remaining char with oxygen and by the exothermic oxidation of
CaS to CaSOy, both of which come from the gasification step [42].
An additional alternative is to use a chemical looping combustion
system to supply energy to regenerate the Ca-based sorbent. This
method was originally proposed by Lyon [43] for fuel combustion,
but later the concept was adapted to become part of the unmixed
reforming (UMR) concept [44,45], in which a Ni/NiO chemical loop
is used to provide energy for calcination. In this process, the Ni-
based solid acts as catalyst in the reforming stage, and during the
sorbent regeneration step air is passed through the solid bed to
oxidize the metal. The energy released in the oxidation reaction
is absorbed by the CaCOs; calcination reaction, and the CO, cap-
tured during the SER step is released [46]. In this way, an efficient
transfer of energy occurs between the oxidation and calcination
reactions. The drawback is that the CO, released in the calciner is
diluted with N, from the air used for metal oxidation making
CO, capture no longer feasible.

The process discussed in the present work is based on the UMR
concept but it makes use of a Cu/CuO chemical loop to supply heat
for regeneration of the sorbent using the energy released in the

H, + steam
(CO, free flue gas)

L U?:Lo > caco, J

(Ni, Cu)

s J N\ o

©) cuo > cu (B)Cu - Cuo

NG + steam

CaCo; = CaO
(Ni0> Ni)

fuel J

Fig. 1. Conceptual scheme of the Ca/Cu looping process for hydrogen production.

(Ni - NiO, CaC03)

L air

CuO reduction process [47,48]. The sequence of reaction stages in
this novel concept is shown in Fig. 1. It is performed in a series
of fixed bed reactors where pressure and temperature are modified
to favour the production of hydrogen while producing at the same
time a concentrated stream of CO, suitable for purification, com-
pression and storage. The first step (stage A in Fig. 1) comprises
the production of H, through a SER process operating at high pres-
sure with steam and natural gas (NG) as feedstock in the presence
of a Ca-based sorbent, a Ni-based reforming catalyst and a Cu-
based material, all in their reduced form. The Ni- and Cu-based
materials remain unchanged in this step and the formation of
CaCOs enhances the H, production equilibrium (the sum of reac-
tions 1, 2 and 3). In the next step (stage B), oxidation of the Cu-
material takes place when pressurised diluted air is fed in under
conditions of a limited oxidation rate and minimal CaCO; decom-
position. In the last process step (stage C), the calcination of the
CaCO; formed in the SER stage takes place thanks to the heat re-
leased from the oxidation of CH4, CO or H; resulting from the
reduction of CuO. A suitable Cu/CaO molar ratio must be chosen
to ensure that the heat released in the CuO reduction is enough
to sustain the endothermic CaCOs; calcination step. A full concep-
tual design of this novel process, assuming ideal plug flow models
for each reactor [49], as well as a dynamic pseudo-homogeneous
model for a fixed bed reactor operating in the SER stage of this pro-
cess have been recently published [50]. A reasonable operating
window has been established to ensure that the SER stage of the
Ca/Cu process will attain equilibrium. Lower space velocities than
in conventional steam reforming are required for carbonation to
proceed correctly [51]. There is growing interest in developing
composite Ca0O-CuO materials suitable for this Ca/Cu looping pro-
cess [52-56]. The objective of these new materials is to reduce the
amount of support material that acts as thermal ballast in the solid
bed. Promising results for the performance of this composite under
the Ca/Cu looping process conditions have been reported, contrib-
uting to the acceptance of this concept as part of pre-combustion
CO, capture strategy. Moreover, in a previous work, it has been
demonstrated that this novel concept is a suitable technology for
being integrated with a natural gas combined cycle to produce
power, with efficiency penalties of around 8 points, similar to those
obtained with other emerging and commercial technologies such
as chemical absorption [57].

The concept assessed in this work has many similarities with
packed-bed chemical looping process (CLC) systems studied in re-
cent works [58-64]. These works explored theoretically and exper-
imentally the feasibility of the CLC concept in a high temperature
fixed-bed system. These works show that the gas/solid reactions
involved can proceed very rapidly in narrow reaction fronts, which
would allow an effective cyclic operation in a system composed by
several dynamically operated fixed-bed reactors. This system is
hence capable of generating hot gas products with stable temper-
ature and flow rate, suitable for application in a power plant.
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Advantages of packed beds over fluidised beds in CLC lie in the
non-need of high temperature-high pressure filtering of entrained
particles before the gas turbine and of the non-need of circulating
hot solids between pressurised reactors, which has not been dem-
onstrated yet. On the other hand, more complex heat management
strategies and a larger number of reactors with valves operating
with hot gases are needed with packed beds, whose feasibility
should be assessed from an economic point of view. As far as valves
are concerned, it can be highlighted that some manufacturers al-
ready offer high temperature valves operating at the temperatures
considered in this work and the development of valves suitable for
this application can be expected in a medium-term horizon re-
quired for the scale up of this concept [65].

In the present work, the main objective is to develop a detailed
and comprehensive process design of a H, production plant based
on the Ca/Cu looping process described above. Reasonable assump-
tions concerning NG processing and the reactions involved in each
stage of the process have been made, and an Aspen Hysys simula-
tion model of the entire plant has been assembled. To make a ther-
modynamic assessment of the entire plant, a complete energy
integration study involving all the gas streams has been proposed,
in which the advantages and drawbacks of the process are high-
lighted. The results obtained have been compared with those
achieved by other reference hydrogen production plants based
on commercial reforming technology with and without CO,
capture.

2. Process description

The assumptions made in this work are based on the three main
process units that form the basis of the H, production plant under

study: (i) NG treatment, (ii) the H, production process, and (iii) the
H, purification unit. The mass and energy balances used in this
work to solve the different reaction stages of the H, production
process are based on those reported by Fernandez et al. [49], and
adapted to the assumptions of this study. Fig. 2 illustrates the dif-
ferent units considered to construct an Aspen Hysys simulation
model of a H; plant based on the Ca/Cu looping process. The fol-
lowing sections describe in detail the main process units cited
above.

2.1. Sulphur removal and pre-reforming of natural gas

The reforming catalyst is extremely sensitive to sulphur and,
therefore, it is necessary to remove all the sulphur compounds be-
fore reforming in a non-regenerative ZnO-based solid bed. To en-
hance the reactivity of ZnO towards sulphur compounds, it is
necessary to convert the compounds into hydrogen sulphide
(H,S) which is more reactive towards ZnO than organic sulphur
compounds. The formation of H,S takes place by hydrogenation
in a catalytic bed of cobalt and molybdenum oxides deposited on
an alumina base, which can be placed either in a separate vessel
or as a layer on top of the ZnO bed. Hydrogenation takes place at
temperatures not higher than 613-643 K so as not to damage the
alumina substrate [66], using a H, concentration of 2-5 vol.% to en-
sure that hydrogenation formation proceeds at a sufficient rate
[67]. The ZnO bed usually operates at the same temperature as that
required for the hydrogenation step. Since equilibrium is usually
reached, it is possible to reduce the sulphur content to below
0.1 ppm [66]. As the presence of steam inhibits H,S retention, NG
is usually mixed with steam after S-removal (see Fig. 2). Depending
on the pressure of the downstream process and the characteristics
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of the whole plant, steam can be bled from a steam turbine or gen-
erated by recovering heat from the process streams.

At the high temperatures reached in the reforming steps of the
Ca/Cu looping process, the decomposition of higher hydrocarbons
via thermal cracking into olefins, and then into coke, is likely to
occur [68]. Moreover, at high temperature, the lower the steam-
to-carbon (S/C) molar ratio in the inlet gas, the greater the risk of
formation of whisker carbon, which has a high mechanical strength
and can cause the breakup of catalyst particles or the reduction of
the active catalyst surface, and therefore, its subsequent deactiva-
tion [8]. In the layout proposed (Fig. 2), NG is pre-reformed before
it enters the H, production process, to decompose higher hydrocar-
bons into CH4 and CO, according to reactions 2, 4 and 5. The steam
reforming of higher hydrocarbons (reaction 4) is usually consid-
ered as irreversible for all higher hydrocarbons provided that cat-
alytic activity is strong enough. At the same time, equilibrium
between methanation (5) and water gas shift reaction (2) is estab-
lished [69].

C.H;;, +nH,0 — nCO + (n + %m) H, AHyesx > 0 (4)

CO + 3H, < CH4 + H,0 AHzgg x = —206.2 l(j/mol (5)

Pre-reforming is commonly carried out in an adiabatic fixed bed
reactor at a temperature between 653 and 773 K in the presence of
a Ni-based catalyst [68]. This pre-reforming step is performed after
S-removal to avoid H,S being chemisorbed on the nickel surface.
Although pre-reforming occurs after the S-removal unit, sulphur
traces will be retained by the pre-reforming catalyst and will
slowly poison the nickel catalyst. However, this will ensure a virtu-
ally sulphur-free gas for the H, production process and result in a
prolongation of the downstream solids life: the reforming catalyst,
Ca-based sorbent and Cu-based material. In NG adiabatic pre-
reformers, the temperature decreases because of the endothermic-
ity of steam reforming of higher hydrocarbons, which allows the
equilibrium from reactions 4 and 5 to be established at a lower
temperature than at the inlet. An even more efficient option for
pre-reforming than the adiabatic one described is that offered by
a gas heated pre-reformer where high temperature reformed syn-
gas is put into contact with the NG-steam charge. Pre-reforming
reactions then occur at a higher temperature than with the adia-
batic option, favouring a higher CH,; reforming reaction and
improving heat recovery [12]. An additional advantage in this case
would be the low-CO content of the streams to be cooled, which
would prevent any risk of metal dusting in the gas heated refor-
mer. For the present work, the gas heating option was discarded
because the heat obtainable from the hot sources would be insuf-
ficient to sustain the process. An adiabatic pre-reforming system
was chosen instead.

In the layout proposed for the Ca/Cu looping process (see Fig. 2),
NG is fed into the process at high pressure and ambient tempera-
ture (stream 1). It is then mixed with a slip of compressed H,
(stream 12) to obtain a concentration of H, of around 2 vol.%,
which is preheated up to 638 K and then fed into the S-removal
unit. Afterwards, the mixture splits into the NG to be fed in at stage
A, and the NG to be fed in at stage C’ of the Ca/Cu looping process.
Each stream is mixed with the necessary amount of steam to reach
the required S/C molar ratio, and is then fed into the corresponding
adiabatic pre-reformer.

2.2. H, production process

The H, production process in this study is based on the three
reaction steps explained briefly in the introduction. Mass and en-
ergy balances for the dynamically operated adiabatic fixed-bed

reactors, as well as the operating window for each step have been
illustrated in detail by Fernandez et al. [49]. In the present work
additional process assumptions have been made concerning the
raw material used, solids involved and reactions that occur at each
step. These assumptions contribute substantially to the detailed
and complete scheme of this novel H, production process depicted
in Fig. 2. Table 1 summarises the main assumptions for the simu-
lation of the heat and mass balances of this H, production plant.

CaO hydration could occur due to the presence of a high excess
of steam during the operation, especially in the reforming stage A.
Traditionally, hydration has been proposed as a reactivation meth-
od to improve the performance of CaO as a regenerable sorbent in
Ca-looping systems [70-73]. Usually, CaO hydration is tested at
temperatures lower than 673 K because Ca(OH), is unstable above
this value at atmospheric pressure [74]. Moreover, in conventional
Ca-looping systems there is no interest in working under high
pressures that would necessarily lead to higher capital and operat-
ing costs [75]. However, in this work, high pressure is used in
stages A, B and B/, while maximum temperatures may range be-
tween 923 and 1143 K, depending on the input conditions selected
[49,51]. Curran et al. [ 76] studied the phase equilibrium in two bin-
ary systems, CaO-Ca(OH), and Ca(OH),-CaCOs, at elevated pres-
sures and temperatures, and determined the chemical properties
of the Ca-based CO, sorbents. Equilibrium data revealed the forma-
tion of melts at temperatures of around 1088 K, whenever the
steam partial pressure exceeded the critical value of 1300 kPa. Pat-
erson et al. [77] also observed melt formation, but at higher tem-
peratures (1283 K). Fuerstenau et al. [78] presented equilibrium
liquid curves for the CaO/Ca(OH),/CaCOs; ternary system and
showed that melts could contain around 60% of CaCOs; at
7000 kPa and 1053 K. These results demonstrate that the forma-
tion of melts from hydrated CaO can theoretically reactivate spent
Ca-based sorbents, as reported in the literature for some processes.
In the CO, acceptor process [76,77] and in the HyPr-RING process
[79,80], a Ca-looping system is integrated in a gasification scheme
in order to obtain a high H, yield from coal. The hydration of the
Ca-based sorbents at high pressure and temperature was observed
to improve the durability of the sorbent after several carbonation/
calcination cycles, even under the eutectic conditions. However,
there is a lack of knowledge concerning the consequences of possi-
ble agglomeration phenomena resulting from the melted material
and how the presence of hydrated sorbent might affect the SER
equilibrium reactions, and consequently the H, yield. Furthermore,
it has been demonstrated that the beneficial hydration effects on
carbonation conversion disappear if the hydrated sorbent is sub-
jected to temperatures above 973 K [81]. In this study, the operat-
ing conditions for carrying out the SER stage (A in Fig. 2) were
chosen with the aim of avoiding CaO hydration.

Equilibrium data reported in the literature for the CaO hydra-
tion reaction at high temperatures [74,82], were employed to pro-
duce Fig. 3. The most critical conditions for CaO hydration in the
Ca/Cu looping process correspond to stage A and the following
rinse step, which are the points of highest steam partial pressure.
SER stage A is slightly exothermic and the gas temperature
throughout the reactor increases from Ty, 4 to @ maximum value
of Truaxa- As can be seen in Fig. 3, the equilibrium steam pressure
increases with temperature, and thus it will be necessary to go to
higher temperatures to avoid CaO hydration when using high
steam pressures for the gas fed in at stage A. However, the carbon-
ation reaction is necessary at this stage for CO, removal from the
gas phase to occur and, therefore, excessively high temperatures
will have a negative effect on the carbonation reaction. Moreover,
the pressure must not be too low since the H, compression that
follows (unit G in Fig. 2) contributes to increase the power required
for the entire plant. As a trade-off between these conflicting de-
mands, inlet conditions of 973 K and 1500 kPa were considered
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Table 1

Summary of the assumptions made to construct the simulation model of the H, production plant based on the Ca/Cu looping system.

Natural gas

Composition

LHV

NG distribution conditions

Ca/Cu chemical looping process

Catalyst composition

Ca-sorbent composition

Cu-based material composition

Amount of catalyst used

Superficial gas velocities in stages A/B-B'/C-C’

0, concentration in stage B

Maximum temperature in oxidation stage

Maximum temperature in calcination/reduction stage
S/C molar ratio in stage C’

Sulphur removal unit
Operating temperature
Adiabatic pre-reformers
Gas inlet temperature
Operating pressure
Pressure drop

Booster air compressor
Polytropic efficiency
Mechanical-electric efficiency

Auxiliary fan and H, compressor
Polytropic efficiency
Mechanical-electric efficiency

N,-rich expander
Polytropic efficiency
Mechanical-electric efficiency

Pre-reformed NG expander
Polytropic efficiency
Mechanical-electric efficiency

Steam turbine
Polytropic efficiency
Mechanical-electric efficiency

Heat recovery system

Minimum AT in gas-liquid heat exchangers
Minimum AT in gas-gas heat exchangers
Minimum AT in gas-boiling liquid heat exchangers
Heat loss in each heat exchanger

Total pressure drop in NG pre-heating

Total pressure loss in cooling gas streams
Evaporation pressure

CO, compressor

Number of intercooled compression stages
Inter-cooling temperature

Inter-cooling pressure loss

Outlet pressure after compression stages
Final pumping CO, exit pressure
Polytropic efficiency of compression stages
Pump hydraulic efficiency
Mechanical-electric efficiency

89% CHy, 7% C3Hg, 1% C5Hg, 0.11% C4Hy0, 2% CO,, 0.89% N>
46.482 M]/kg
288 K/1900 kPa

18 wt.% NiO over Al,03

85 wt.% Ca0 over Al,03 (40% of active CaO)
65 wt.% Cu over Al,03

0.3 g catalyst/g of CaO in the sorbent
0.5/1-2/5-6 m/s

3.4 vol.%

1103 K

1143 K

1

638 K

763 K
1600 kPa
36 kPa

85%
94%

80%
94%

85%
94%

80%
94%

80%
94%

20K

25K

10K

0.7% of heat transferred
300 kPa

7% of the initial pressure
1600 kPa

5

301 K

1%

8900 kPa
11,000 kPa
84%

80%

94%

to be reasonable for the gas stream fed in at stage A (black dot
highlighted in Fig. 3). Under these conditions for the gas fed in at
stage A, the maximum temperature in the bed at the reaction front
Tmaxa Will be at around 1035-1050 K depending on the S/C ratio
chosen, which will result in an active CaO conversion of 78-85%
and a Hj yield at equilibrium conditions of at least 91 vol.% (dry ba-
sis). To achieve SER equilibrium conditions in this stage, as the car-
bonation reaction rate is much lower than that of the reforming
and shift reactions, a low superficial gas velocity of around
0.5 m/s was chosen for stage A [51].

To avoid the unwanted combustion of any hydrogen remaining
in the solid bed during the subsequent stage B, and to avoid hydro-
gen being vented to the atmosphere which would have a negative
effect on the overall hydrogen yield of the process, a rinse step has
been introduced between stages A and B, as depicted by the grey

dashed lines in Fig. 2. High pressure steam at 1600 kPa and
973 K was used for cleaning on the assumption that five reactor
volumes is a proper value for a complete rinse. It should also be
noted that the amount of steam used for rinsing does not have
any relevant effect on the plant’s performance. As a matter of fact,
after rinsing, the steam is recycled to contribute to the S/C molar
ratio in stage A and will be fed in before the adiabatic pre-reform-
ing in order to enhance the CH,4 conversion (as indicated in Fig. 2).

The oxidation stage in the Ca/Cu looping process (stage B in
Fig. 2) operates at the same pressure as in stage A to enable the
non-recycled N, (stream 30 in Fig. 2) to be sent to an expander
for power generation (unit E in Fig. 2). As Cu oxidation is highly
exothermic (reaction 6), the maximum temperature (T, 5) Needs
to be strictly controlled to avoid any non-desirable reactions of Cu,
the loss of CaO active surface and to prevent the calcination of
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Fig. 3. Ca0 hydration equilibrium (data from Samms and Evans [69] (grey line) and
Lin et al. [61] (black line)).

CaCOs. Reasonable values for Tqp range between 1103 and
1143 K, where the maximum CO, production resulting from the
calcination of CaCOs; is moderate and determined by the CaO/
CaCOs equilibrium. Since the lower the temperature, the lower
the CO, loss, @ 1103 K Ty,qx has been assumed. According to the
values given by Barker [83] for the carbonation equilibrium, max-
imum CO, partial pressure in the gas exiting stage B (stream 26 in
Fig. 2) will be 36 kPa at 1103 K, which corresponds to a CO, content
of around 2.4 vol.%.

Cu+1/20, — CuO

To moderate the T,,q s reached at this stage and avoid hot spots
that could damage the solid material in the reactor, the oxidation
rate must be controlled by reducing the temperature and the O,
concentration in the gas fed in at stage B (stream 25 in Fig. 2).
Gas temperatures in the range of 423-573 K and an O, concentra-
tion of around 3-4 vol.% serve to limit Ty,qxp to 1103 K [49]. This
low O, concentration is achieved by recycling a large fraction of
the O,-depleted gas exiting stage B (stream 27 in Fig. 2) and mixing
it with the compressed air at 1500 kPa coming from an air com-
pressor (unit D in Fig. 2).

When stage B has finished and all the Cu-based material has
been oxidised to CuO, the solid bed is at the gas inlet temperature
(Tgin,g), which makes it impossible to perform the next reduction/
calcination stage C. To allow stage C to occur, before carrying out
the depressurization of the solid bed, a heating stage B’ is included
in order to transfer the excess heat in the recycled gas to the solid
material in the fixed bed. Due to the non-uniform temperature at
the beginning of stage B, during this stage gas is sequentially pro-
duced at the two temperatures T4 and at Tpep. Depending on
the recirculation ratio chosen (molar flow rate of stream 27 to mo-
lar flow rate of stream 26, Fig. 2), the proportion of gas at Tp,4x4 and
at Tpnaxp at the stage B outlet will vary, and therefore the tempera-
ture reached during the heating stage B’ will also change. In any
case, the gas exiting stage B’ will be hotter than the required tem-
perature Tgnp and it will need to be further cooled down. After
cooling, a blower is introduced to compensate for the gas pressure
losses in stages B and B/, and in the heat exchangers. A recirculation
ratio of around 0.85 for all the operating conditions examined in
this work was obtained from the mass and energy balances to en-
sure a proper control of Tp,q . The superficial gas velocity in stages
B and B’ was set at around 1.5-2 m/s so as not to incur excessively
high pressure losses [49]. This velocity leads to a pressure drop of
around 25-50 kPa in each stage that, together with the pressure
loss in the heat exchangers, adds up to a total pressure drop for
the recycled O,-depleted gas (stream 29 in Fig. 2) of around

AHzgg K= —156.1 kJ/mOl (6)

200 kPa. As will be seen in Section 4.2, the energy consumed by
the blower is relatively high and affects the efficiency of the pro-
cess considerably.

Once stage B’ has finished, the pressure must be reduced to
atmospheric level so that the next calcination/reduction reaction
stage can proceed. The solid bed is depressurised on the product
side, and the N,-rich gas swept from this stage is mixed with the
expander outlet gas for cooling before being sent to the stack. After
depressurisation, a rinse step is introduced using low pressure
steam at around atmospheric pressure to clean away any possible
traces of gas present in the system. The steam required for rinsing
can be generated at a pressure slightly higher than atmospheric
pressure, thanks to the low temperature heat available in the pro-
cess (i.e. before the condenser of the H,-rich gas or in the interme-
diate cooling stages in the CO, compressor). Also, due to the large
availability of low temperature heat, the amount of steam used for
this rinse step does not appreciably affect the overall performance
of the plant. After rinsing, steam, still at a high temperature, is sent
to the expander outlet for purposes of heat recovery.

The next reaction stage in the process is the calcination of the
CaCO; formed during the SER stage together with the simultaneous
reduction of the CuO formed in stage B. The Cu/CaO molar ratio
chosen for the solid bed should be such that stage C is thermally
neutral, and the heat released by the reduction of CuO is equivalent
to the energy required for the CaCOs calcination. As proposed by
Fernandez et al. [49], CuO reduction is carried out by feeding into
stage C a mixture of the CO/H, produced in the subsequent reform-
ing stage C/, according to reactions 7 and 8. Traces of CHy are pres-
ent in the mixture of CO/H, generated in stage C’ that reduce CuO
according to reaction 9. The pressure in stage C will need to be re-
duced to atmospheric level to allow calcination at reasonable tem-
peratures. Temperatures in stage C above 1123 K are needed to
decompose the CaCOs. The drawback is that, this step requires a
large supply of Cu to the overall process, and consequently of
NG, to heat the solid bed up from the temperature in stage B’ to
that required by stage C. Moreover, temperatures greater than
1173 K may cause the deactivation of CaO due to sinterization
and undesired Cu reactions [84]. For these reasons, the tempera-
ture in stage C was set to 1143 K in this work, leaving a margin
of around 20K over the calcination equilibrium temperature, to
ensure sufficiently high calcination kinetics.

CuO +CO — Cu+CO;  AHaes i = —131.9 kJ/mol (7)

CuO +H,; — Cu+H,0 AHygs x = —89.6 kJ/mOl (8)

4CuO + CH4 — 4Cu + CO, + 2H,0 AHjeg k = —195.3 kj/mol

)

As shown in Fig. 2, pre-reformed NG is fed into stage C' to per-
form an additional steam methane reforming step while the solid
bed temperature is reduced to 973 K for the start of a new cycle.
In this way, heat from the cooling of the bed is efficiently recovered
as chemical energy by steam reforming reaction, providing a CO-
H, rich gas for the following C step, thereby reducing the amount
of NG required to regenerate the sorbent. In order to favour steam
reforming in stage C' and to avoid carbon deposition on the re-
duced bed at the entrance during stage C, a S/C ratio of 1 was se-
lected, which is a much lower value than for stage A since the
promotion of steam reforming is not of primary importance here.
The pressure in stage C’' is atmospheric, and the pre-reformed gas
must be expanded from 1600 kPa to near atmospheric pressure
(in unit F depicted in Fig. 2), and heated up to the established tem-
perature Ty, - before stage C'. The gas temperature at the inlet to
stage C' must be 973 K, the same as that in stage A, to prevent
the solid bed cooling down to below this temperature and then fa-
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vour CaO hydration during subsequent stage A. Hp-rich gas from
stage A is sent to a pressure swing adsorption (PSA) unit for puri-
fication where an off-gas (mainly H,, CH4 and CO) at near atmo-
spheric pressure is produced. This off-gas is fed into stage C/,
together with the pre-reformed NG, to reduce the consumption
of NG and emissions of CO, resulting from the combustion of the
PSA off-gas. The superficial gas velocities in stages C and C' were
considered to be around 5-6 m/s since there are no restrictions
from the reforming and CuO reduction kinetics in these stages.

Reducing the amount of NG fed into stage C' by using the PSA
off-gas leads to an excess of heat in the solid bed at the end of stage
C'. As a result, an additional step is included (stage AO in Fig. 2) to
remove the excess of heat from the bed and to set the temperature
to 973 K for a new cycle. It is proposed that a fraction of the H,-rich
gas from stage A, which is at around 1500 kPa and at the desired
temperature of 973 K, is introduced into stage AO. Moreover, solid
bed pressurisation occurs during stage AO due to the Hy-rich gas
from stage A being at the desired pressure, and no additional pres-
surisation stages are therefore necessary. The H,-rich gas from
stage A is at equilibrium conditions at T,y 4, and contains mainly
H, and steam. When part of this gas is fed into stage A0, the solid
bed will cool down mainly due to an exchange of sensible heat be-
tween the gas at 973 K and the solid material at T;qc. However,
there will be an additional cooling by the reforming of the small
amount of CH, in the gas phase that is going to be heated up to
a Tpax,c Of 1143 K. As the carbonation reaction is not substantially
favoured at 1143 K (the carbonation equilibrium constant is
1.53 atm™!, according to Barker [83]), and due to the fact that the
superficial gas velocity chosen for this stage will be too fast for
the carbonation equilibrium to occur [51], CaCO3 formation in
stage AO can be ignored. Once stage AO has finished, the H,-rich
gas leaving this stage at Ty c is mixed with the non-recycled
H-rich gas leaving stage A at a Tg,a of 973 K, and the mixture
(stream 8 in Fig. 2) is cooled down to around 303 K, ready to be
introduced into the PSA unit. The heat recovered from this cooling
step is used to preheat the gas streams and produce steam, as de-
scribed in Section 3 below.

To better clarify the temperature evolution of the gas from each
stage, table 2 is included, where the temperature of the bed at the
different stages and the temperature of the gas generated from
each stage in the cases assessed in this work are reported. For a de-
tailed discussion on how these temperatures are generated, the
reader is addressed to [49]. Since the process simulation code

performs steady state simulations, a proper average temperature
has been used in the simulations for the gas streams produced at
non-constant temperatures. It should also be highlighted that,
due to kinetics and heat transfer limitations, in a real reactor the
heat and reaction fronts will not be perfectly defined as in an ideal
situation. As more accurate 1D modelling also shows [50,51,60],
some dispersion of temperature and chemical species in the axial
direction occurs so that temperature and composition of gases at
reactor outlet gradually change with time. This effect, which can
lead to gas leakages or to incomplete utilization of the bed mate-
rial, has also been neglected in this work and needs to be further
explored with modelling and experiments.

The Ni-based reforming catalyst introduced into the process af-
fects the mass and heat balances, since the operating conditions in
stage B and stage C favour its oxidation and reduction, with O, and
H, being consumed respectively. This also contributes to the en-
ergy balance due to the high exothermicity of the oxidation reac-
tion (—470.8 kJ/mol at 1123 K). Moreover, the reforming catalyst
and the inert support of the Ca and Cu functional materials act as
thermal ballast and require energy to be heated up to the maxi-
mum temperature of Tyqc Therefore, a higher amount of Cu-
based material is needed in the process. To account for these ef-
fects, Ni-catalyst oxidation and reduction reactions are included
in the mass and energy balances solved for each stage of this pro-
cess. A typical Ni-based reforming catalyst supported over Al,03
with an active phase of 18 wt.% has been adopted for the purpose
of this work.

2.3. H, purification unit

H,-rich gas from stage A of the Ca/Cu looping process is sent to a
PSA unit for purification. The PSA unit represents state-of-the-art
technology for both gas separation and purification. It is based
on the use of regenerable solid sorbents packed in different col-
umns, which selectively adsorb certain gas components from a
gas mixture [85]. This technique operates at ambient temperature
and high pressure, and delivers a gas stream enriched in those
components that have been less adsorbed into the solid from the
gas mixture, at a pressure close to that of the feed gas (around
50 kPa lower than the feed pressure) [86]. Traditionally, this puri-
fication technique has been used in the SMR process to produce H,
with a purity of up to 99.999% [6,36,87], from a typical gas mixture
composition (dry basis) of 76% H,, 17% CO,, 4% CH, and 3% CO. Un-

Table 2
Gas and solid temperatures associated to different stages for the assessed cases.
Stage A Stage B Stage B’ Stage C Stage C'

Ni catalyst, S/C=4
Initial bed temperature (K) 973 973/1049 473 1049/1103 1143
Final bed temperature (K) 973/1049 473 1049/1103 1143 973/1143
Maximum temperature (K) 1049 1103 1103 1143 1143
Inlet gas temperature (K) 973 473 1049/1103 1143 973
Outlet gas temperature (K) 973 1049/1103 473/1049 1103 1143
Average outlet gas temperature (K) 973 1059 650 1103 1143
Ni catalyst, S/C=3
Initial bed temperature (K) 973 973/1036 473 1036/1103 1143
Final bed temperature (K) 973/1036 473 1036/1103 1143 973/1143
Maximum temperature (K) 1036 1103 1103 1143 1143
Inlet gas temperature (K) 973 473 1036/1103 1143 973
Outlet gas temperature (K) 973 1036/1103 473/1036 1103 1143
Average outlet gas temperature (K) 973 1063 649 1103 1143
Pt catalyst, S/C=4
Initial bed temperature (K) 973 973/1039 473 1039/1113 1143
Final bed temperature (K) 973/1039 473 1039/1113 1143 973/1143
Maximum temperature (K) 1039 1113 1113 1143 1143
Inlet gas temperature (K) 973 473 1039/1113 1143 973
Outlet gas temperature (K) 973 1039/1113 473/1039 1113 1143
Average outlet gas temperature (K) 973 1063 628 1113 1143
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der these conditions, the usual H; recovery efficiency is around 90%
[87]. Operating parameters that influence the H, recovery rate in
PSA systems include temperature, pressure and composition of
the gas feed, but the most influential parameters affecting H,
recovery are the pressure of the feed and the off-gas: the higher
the ratio of the feed to off-gas pressure, the higher the H; recovery
rate and, therefore, the lower the investment costs for a given
product rate [86]. A pressure ratio between the absolute feed pres-
sure and the off-gas (or waste gas) pressure of at least 4 is required
to ensure a reasonable H, recovery rate of around 70-75%.
Although a pressure ratio of more than 15 does not improve the
H, recovery, it will lead to an increase in the energy consumption
required to reach a higher operating pressure, and to around 90% of
the H, fed into the PSA being recovered as a high-purity product
[86]. It seems reasonable to expect a higher H, recovery rate under
SER conditions of a high H, concentration at the inlet of the PSA
unit (a maximum of 96% of Hy, on a dry basis, when SER is per-
formed at 923 K) [15,36]. However, such a scenario has not yet
been analysed in the literature. Moreover, the presence of N, in
the NG used to produce the H,-rich gas introduced in the PSA af-
fects the H, purity since the affinity of the materials towards N,
is usually small. Some PSA applications permit N, removal from
NG such as the Molecular Gate™ PSA process (based on a synthetic
titanosilicate EST-4) [85], which allows the purity of H, to be en-
hanced. In this work, the PSA unit is assumed to operate at a tem-
perature of around 303 K and around 1500 kPa, with an off-gas
pressure close to atmospheric pressure and a H, recovery of 90%.

3. Heat recovery system design

A heat recovery system has been designed in this study to allow
the input stream temperature to be adapted to the specifications of
each stage and the steam flow rate to be maximised for stages A
and C' of the Ca/Cu looping system. Fig. 4 shows a schematic layout
of the heat recovery system designed in this work. The tempera-
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tures shown in this figure correspond to those of the highest H,

yield case (S/C of 4 in stage A) but similar values are obtained using

different S/C ratios, which means that the same heat recovery
arrangement can be adopted in the other cases.

The boiler feedwater is assumed to enter into the plant at
600 kPa and 423 K and, after reaching 1600 kPa, it passes through
an economiser and an evaporator to be slightly superheated at
523 K. After passing through these units, the steam is split into
two streams, mixed with the desulphurised NG before the pre-
reformers and then, after the pre-reformers, charge is fed into
stages A and C' of the Ca/Cu looping system. In the previous
description of the Ca/Cu looping system, reference was made to
the following hot gas streams that could be used for heat recovery
in gas pre-heating and/or steam generation:

1. Hp-rich gas at 995 K (stream 8 in Figs. 2 and 4) resulting from

the mixing of non-recycled H,-rich gas from stage A at 973 K

and recycled Hy-rich gas from stage AO at T c This stream

is cooled down to near ambient temperature (303 K in this
work) and then fed into the PSA unit.

. CO,-rich stream exiting stage C at Tpep (Stream 21) that is
cooled down to near ambient temperature, dried and pumped
up to 110 bar for storage.

. Oy-depleted gas stream from stage B’ at Tpaa (fraction of
stream 28) which must be cooled to T, 5 before being fed into
stage B.

. Compressed air at 690 K (stream 24) to be fed into stage B at
Tgin,B'

. O,-depleted stream at 592 K after it has been expanded in unit
E of Fig. 2 (stream 31).

As a consequence of the feedwater temperature chosen at the
economiser outlet (463 K) and the minimum temperature differ-
ence of 20 K between the gas and liquid in the heat exchanger con-
sidered in this work (see Table 1), the temperature of the recycled
gas, after it has passed through the economiser and the evaporator
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Fig. 4. Layout of the heat recovery system proposed in this work (the process stream numbers refer to those in Fig. 2; Notation used: EVA: evaporator; ECO: economiser).
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(stream 29 in Figs. 2 and 4), is around 468 K. A similar temperature
results from the cooling of the compressed air exiting unit D in
Fig. 2. Consequently, the temperature of the gas fed in at stage B
(stream 25 in Figs. 2 and 4), which results from mixing stream
24 and stream 29, is around 473 K (=Tg;in 5). The temperature, pres-
sure, flow rate and composition of the main flows of the Ca/Cu
plant, when operating under the conditions necessary to achieve
the highest H, yield (S/C=4), are reported in Table 3 according
to the notation used in Fig. 2.

As shown in Fig. 4, NG enters the system at 288 K and 1900 kPa
(to compensate for the pressure loss in the pre-heating steps, the S-
removal unit, and the adiabatic pre-reformer), and it is heated up
to the S-removal temperature of 638 K with heat from stream 8
and stream 21. Once it exits the S-removal unit, the NG is split into
two streams, which are sent to stages A and C' respectively. Both
NG streams are mixed with steam at 523 K and 1600 kPa, in pro-
portions that they satisfy the S/C ratio required. As mentioned in
Section 2.2, the steam flow needed for the rinse step between
stages A and B is recycled and mixed to the NG stream before
the pre-reformer. This mixture (stream 2), which is around
567 K, is heated up to the pre-reformer temperature of 763 K
thanks to the heat recovered from stream 28. The charge at
695 K after the adiabatic pre-reformer (containing H,O, CH4, Ho,
CO, and traces of CO) is heated in two stages up to the required
temperature of 973 K so that it can be introduced into stage A,
by receiving heat from stream 8 at 995 K and from stream 28 at
1033 K, after the heat from the latter has been used to heat the
rinse steam up to 973 K. At the same time, the NG-steam charge
for stage C' (stream 15) at 588 K is heated up to 763 K before it
is fed into the adiabatic pre-reformer by means of the heat recov-
ered from stream 21 at 907 K. After the pre-reformer, the gas mix-
ture at around 714 K is expanded to 130 kPa to compensate for the
pressure drop when passing through stages C’ and C, and the pres-
sure loss associated with the heat exchangers (accounting for
around 30 kPa). The pressure loss between stages C and C is esti-
mated to be around 20 kPa, assuming gas velocities for these stages

Table 3

of around 5-6 m/s [49]. After expansion, the pre-reformed gas that
has now cooled to 488 K is mixed with the PSA-off gas pre-heated
to 438 K by stream 21. The resulting fuel mixture is heated up to
973 K in one step using the heat recovered from the same stream
21 at 1103 K. Intermediate pressure steam at 523 K and 1600 kPa
available in the process is expanded to 600 kPa, although it has
not been included in Fig. 4 for the sake of simplicity. As explained
in the next section, this low pressure steam can also be exported to
utilities in refineries, and therefore this exported steam figures as
an efficiency credit in the performance indexes listed and ex-
plained below.

The heat recovery system depicted in Fig. 4 corresponds to the
composite curves drawn in Fig. 5. These represent the main gas
streams in the Ca/Cu process (CO,-rich from stage C, H,-rich from
stage A-AO0, and N,-rich from stage B’). As can be seen in Fig. 5, the
pinch point between the curves is located at the steam side of the
evaporator inlet and sets the maximum steam production from the
hot gas streams available in the Ca/Cu process. When evaluating
the total high temperature (i.e. above the pinch point) heat avail-
able in the process (Fig. 6), it was found that nearly 70% comes
from the Ny-rich gas from stage B’ and from H,-rich gas before
the PSA unit, due to their high mass flow rates and high tempera-
tures. At the same time, the non-recycled gas from stage B (ex-
panded in unit E) represents the lowest contribution to the total
high temperature heat available. This contribution is around 3%,
which means that the temperature of the non-recycled gas sent
to the expander does not significantly affect the total amount of
steam produced. However, expander E represents the largest
power output source in the system and contributes to an important
reduction of the power required by the process. The heat recovered
from cooling the CO,-rich gas stream before it is purified and com-
pressed also represents an important source of heat in the Ca/Cu
system (around 20%).

According to the operating temperatures Tyqx and Tg, for the
different stages of the Ca/Cu looping process, and for a fixed S/C ra-
tio of 1 in stage C’, S/C values higher than 4 are not feasible since

Temperature, pressure, flow rate and composition of the main gas streams in Fig. 2, for operating conditions in Table 1 and S/C of 4 in stage A.

Stream T (K) P (kPa) M (kmol/s) Molar Composition (%)
CH4 co CO, (O H, H,0 N, 0,

1 288.0 1900 0.13 89.00 0.00 2.00 8.11 0.00 0.00 0.89 0.00
2 567.0 1600 0.59 16.61 0.00 0.37 1.51 0.38 80.96 0.17 0.00
3 695.3 1564 0.62 16.82 0.03 2.51 0.00 7.38 73.11 0.16 0.00
4 973.0 1500 0.62 16.82 0.03 2.51 0.00 7.38 73.11 0.16 0.00
5 973.0 1498 0.71 1.48 1.20 0.94 0.00 57.65 38.58 0.14 0.00
6 973.0 1498 0.09 1.48 1.20 0.94 0.00 57.65 38.58 0.14 0.00
7 1143.0 1485 0.09 0.36 2.11 1.07 0.00 59.80 36.51 0.14 0.00
8 995.5 1485 0.71 1.33 1.32 0.96 0.00 57.94 38.31 0.14 0.00
9 425.3 1381 0.71 1.33 1.32 0.96 0.00 57.94 38.31 0.14 0.00
10 304.0 1365 037 0.00 0.00 0.00 0.00 100.00 0.00 0.00 0.00
11 400.0 2900 0.37 0.00 0.00 0.00 0.00 100.00 0.00 0.00 0.00
14 438.0 130 0.07 13.65 13.57 9.82 0.00 59.35 2.20 1.41 0.00
15 587.5 1600 0.05 42.28 0.00 0.95 3.85 0.97 51.52 0.42 0.00
16 7143 1564 0.05 44.81 0.09 3.67 0.00 8.09 42.93 0.40 0.00
17 487.8 130 0.05 44.81 0.09 3.67 0.00 8.09 42.93 0.40 0.00
18 462.0 130 0.12 27.21 7.72 7.27 0.00 37.13 19.69 0.98 0.00
20 1143.0 122 0.18 1.34 26.44 0.28 0.00 70.39 0.90 0.65 0.00
21 1103.0 113 0.28 0.00 0.00 49.94 0.00 0.00 49.63 0.44 0.00
23 288.0 101 0.45 0.00 0.00 0.00 0.00 0.00 0.00 79.0 21.0
24 690.1 150 0.45 0.00 0.00 0.00 0.00 0.00 0.00 79.0 21.0
25 473.0 150 2.76 0.00 0.00 1.97 0.00 0.00 0.00 94.62 3.42
26 1058.5" 1476 2.68 0.00 0.00 2.35 0.00 0.00 0.00 97.65 0.00
27 1058.5° 1476 2.31 0.00 0.00 2.35 0.00 0.00 0.00 97.65 0.00
28 649.9" 1464 2.31 0.00 0.00 2.35 0.00 0.00 0.00 97.65 0.00
31 592.3 104 0.36 0.00 0.00 2.35 0.00 0.00 0.00 97.65 0.00

2 Average exhaust gas temperature during stage B operation (minimum and maximum gas temperatures during this stage are 1049.0 and 1103.0 K, respectively).
b Average exhaust gas temperature during stage B’ operation (minimum and maximum gas temperatures during this stage are 473.0 and 1049.0 K, respectively).
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Fig. 6. Contributions to the total high temperature heat available in the Ca/Cu
process from the different hot gas streams in the case at the maximum H, yield (S/C
of 4 in stage A).

there is not enough steam available in the process at 523 K and
1600 kPa. This steam shortage imposes an upper limit for the S/C
ratio in stage A and it represents a constraint since the higher
the S/C ratio, the higher the H, yield in stage A, and therefore,
the lower the NG inputs needed. However, it has been found that

when working under equilibrium conditions in stage A with a S/
C ratio of 4, almost 93% of the maximum H, yield (obtained by
assuming a total conversion of the C-compounds introduced) can
be achieved. Moreover, the recycling of the PSA off-gas as fuel in
the reducing stage C' of the Ca/Cu looping process prevents the
emission of C-based compounds to the atmosphere. In this way
the CO, capture rate can be maintained at a level as high as 94%.

4. Reference H, production plants with and without CO, capture

Reference H, production plants with and without CO, capture
by conventional technologies are included for purposes of compar-
ison. The reference plants are based on conventional technologies
for H, production and utilise a fired tubular reformer (FTR) for
methane conversion, as commonly installed in refineries [88-90].
A typical H, output of 30,000 m>® N/h is assumed for purposes of
comparison with the Ca/Cu process.

The configuration of the plant with CO, capture is shown in
Fig. 7. After the desulphurisation step, NG is mixed with steam
and sent to an adiabatic pre-reformer operating at 3200 kPa. A S/
C molar ratio of 4 has been assumed, which ensures a satisfactory
overall methane conversion and an appropriate steam-to-dry gas
ratio at the high temperature of the WGS inlet. The pre-reformed
charge is sent to the FTR, which has been designed to achieve an
outlet reformed gas temperature of 1163 K. At the FTR exit, the re-
formed syngas is cooled down by producing saturated high pres-
sure steam (at 10,000 kPa). This configuration avoids problems
related with metal dusting, since the evaporating water keeps
tubes below the critical temperature for its initiation. Syngas, once
cooled to 603 K, is sent to a high temperature WGS reactor, where
most of the CO is converted to CO,, enhancing the H, content in the
syngas. After being cooled to 473 K, the CO is further converted to
CO; in a low temperature WGS reactor, so that at the exit about
90% of the initial carbon is present in the syngas as CO,.

Syngas from the WGS section is then cooled to nearly ambient
temperature and sent to a chemical absorption section for CO, sep-
aration. CO, capture is performed by means of a methyldiethanol-
amine (MDEA) chemical absorption process [91], in which about
95% of the CO, is selectively removed, generating a H,-rich stream.
The high-purity CO, released in the stripper (whose reboiler re-
quires 0.82 MJy, from the condensation of 600 kPa steam per kg
of CO, captured) is cooled, dried and compressed to the final pres-
sure of 11,000 kPa. The CO,-lean H,-rich stream from the MDEA
process is then partly sent to the PSA unit for further purification,
where the final H, product is obtained, and partly mixed with the
PSA off-gases to be used as fuel in the FTR burners. By using a car-
bon-lean fuel in the FTR burners, it is possible to reach a carbon
capture ratio of about 85%, assuming the S/C and the reactor tem-
peratures mentioned above.

The reference FTR plant without CO, capture differs from the
configuration described above in that there is no CO, absorption
section, there is no low-temperature WGS reactor and for the use
of NG as fuel in the FTR burners. Hence syngas at the exit of the
high temperature WGS is cooled to nearly ambient temperature
and sent to the PSA purification unit, where pure hydrogen is deliv-
ered and off-gases enriched with CO and CO, are burned in the FTR
furnace after they have been mixed with additional untreated NG.
The lack of a low temperature WGS reactor simplifies the operation
of the plant and does not represent an energy penalty for the pro-
cess, since the unconverted CO is used afterwards as fuel in the
FTR. For the same reason, in the plant without CO, capture S/C is
reduced to 2.7, which improves the overall efficiency of the
process.

In both plants, enough excess heat is available from syngas and
furnace flue gas cooling to guarantee the required S/C ratio in the
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reformer. Thus, heat is mainly recovered by producing high pres-
sure steam (10,000 kPa), and a backpressure steam turbine pro-
pelled by the expanding steam is used to further improve the
efficiency of the overall process. Steam is first expanded to an
intermediate pressure of 4000 kPa, at which point part of the
steam is extracted to make up the reforming charge. The remaining
steam available is further expanded to 600 kPa and is partly used
for CO, stripping (when the CO, absorption unit is used) and partly
exported to other units in the refinery. It should be noted that the
high pressure evaporation level of 10,000 kPa is higher than that
adopted in most hydrogen plants. It was selected for this study
as being a good assumption for benchmark plants and to allow a
fairer comparison with mid-long term plants that are equipped
with advanced technology and have as their aim low emissions
and high levels of efficiency.

203
5. Discussion

Different performance indexes were defined in order to facili-
tate comparison between the results obtained in the simulation
of the Ca/Cu process and the reference H, plants with and without
CO, capture. Defining these indexes is not straightforward, since
each plant exports different amounts of steam and exchanges
(both import and export) electricity with the grid. The following in-
dexes were considered to assess the global performance of the
plants:

e H, production efficiency: this is the ratio between the LHV
energy output of the hydrogen stream and the LHV energy input
of the natural gas fed to the plant:

My, - LHVy,

M = e - THVyg (10)
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Fig. 7. Layout of the H, production plant with CO, capture included for a comparison.
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where 1y, is the mass flow rate of the H; output and iy is the
mass flow rate of the natural gas input.e Equivalent natural gas
input: this is calculated by subtracting the flow rate conceptu-
ally associated with the production of the heat Q;, and the elec-
tricity W, exported from the plant (negative if imported) from
the natural gas input:

Qen B We
nth‘ref -LHVne nel.ref -LHVne

mNG,eq = mNG - (1])
Reference efficiencies for heat production (#nrs) and power
generation (#e;r.s) were assumed to be 90% and 58.3% respec-
tively, corresponding to state-of-the-art industrial boilers and
large-scale combined cycles [92]. Heat export is considered pro-
portional to the flow rate of steam exported and is calculated by
assuming that steam is condensed to a saturated liquid
condition.

e Equivalent H, production efficiency: this is calculated by consid-
ering the LHV power associated with the equivalent natural gas
as thermal input, when natural gas is devoted to hydrogen
production:

fity, - LHV.
Meqit, = =2 (12)

mNG‘eq . LHVNG
This index allows a homogeneous comparison to be made
between the thermal performances of plants that produce dif-
ferent amounts of the three final products.
e Carbon capture ratio: this is the ratio between the CO, captured
in the process and the CO, emissions related to the carbon con-
tent of the natural gas input:

CCR = - Corcame (13)
MNG - €co, NG
where ecoz NG Tepresents the natural gas emission factor, equal
to 2.65 kgC02/ngG.
e Equivalent carbon capture ratio: this is the ratio between the CO,
captured in the plant and the CO, emissions associated with the
equivalent natural gas input:

Table 4
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CCRyg = 0ot (14)
MNG eq * €c0,,NG
e Equivalent CO;, specific emissions: this is the ratio between the
CO, emitted, considering the CO, emissions related to the
equivalent natural gas input, and the hydrogen output (in
gC0, per M] of H; output):

_ mNG,eq - €c0, NG — mCOZ.capt )
Eeq = e, - LAV, 1000 (15)

Equivalent specific primary energy consumption for CO, avoided
(SPECCA,g): this coefficient measures the amount of fuel thermal
energy required to avoid the emission of one kg of CO,. The
SPECCA¢q (in M]/kg CO5) is defined as follows:

11
NeqH, NeqHy —ref

SPECCAyq = ( > -1000 (16)

Eeq—ref - Eeq

Where #eq pz-ref and E.q_rer are the equivalent H, production effi-
ciency and the equivalent specific CO, emissions, respectively,
of the reference FTR plant without capture.

Table 4 summarises plant performance indexes obtained for the
reference plants with and without CO, capture, together with
those obtained for the Ca/Cu process under different S/C ratios in
stage A according to the operating conditions detailed in Table 1.
The most relevant influence of the S/C ratio in stage A lies in the
NG thermal input required for the process. This increases from
1129 MW to 117.4 MW when the S/C ratio decreases from 4 to
3, due mainly to the reduction in CH4 conversion from 90% to
80%. At the highest S/C ratio possible in this process (i.e. 4), a #u2
as high as 79.1% can be achieved, which is a value far larger than
the ones attained by the reference plants, either with and without
CO, capture (69-74%). Moreover, the Cu/CaO molar ratio is slightly
higher in those conditions with a S/C ratio of 3 as a consequence of
two different effects. On the one hand, the lower the S/C ratio in
stage A, the higher the content of CH, in the PSA off-gas due to
the lower conversion in the SER stage. Therefore, because of the
less favourable CuO reduction stoichiometry with CH, (reaction
9), a higher amount of Cu is required in stage C, and consequently
for the process as a whole. On the other hand, when the S/C ratio
decreases in stage A, the SER equilibrium is not as favoured as

Results obtained for reference plant without/with CO, capture and for the Ca/Cu looping process under different operating conditions analysed, maintaining a H, output of

30,000 m> N/h in every case.

Reference FTR based plant

Reference FTR based plant with CO, capture Ca/Cu looping Ca/Cu looping process”

process®
S/C at reformer inlet (stage A for the Ca/Cu) 2.70 4 4 3 3
NG thermal input (MW) 121.94 130.79 112.87 117.39 113.56
% NG input to reformer or stage A 88.87 100.0 82.16 85.51 88.11
Steam turbine electric output (MW) 3.34 3.84 0.04 0.52 0.29
Pre-reformed gas expansion (MW) - - 0.49 0.41 0.33
N, expander (MW) - - 5.18 6.04 5.59
Air compressor consumption (MW) - - 5.84 6.53 5.95
CO, compressor electric consumption (MW) - 2.15 2.12 2.21 213
H, compressor (MW) - - 1.07 1.06 1.06
Stage B-B’' fan (MW) - - 1.18 1.42 1.02
Other plant auxiliaries (MW) 0.96 1.35 0.19 0.16 0.15
Net electric plant output (MW) 2.38 0.34 -4.69 —-441 -4.10
Heat Output (MW) 8.62 4.06 0.92 7.54 433
Equivalent NG thermal input (MW) 108.27 125.69 119.88 116.61 115.78
Nz (%) 73.98 68.78 79.12 76.05  78.63
Neq,H2 (%) 83.33 71.57 7449 7656  77.13
Equivalent CO, emission (gCO,/M] of Hy) 68.39 9.26 8.69 4.21 6.45
CCR (%) - 84.92 9415  93.71 93.05
CCReq (%) - 88.37 88.65 9434 91.27
Cu/Ca0 molar ratio - 1.58 1.64 1.61
SPECCA¢q (M]/kg CO5) - 333 2.38 1.65 1.56

@ Operating conditions described in Table 1.

b Modified operating conditions: 0.15 g Pt-based catalyst/g sorbent, Tpas = 1113 K and gas velocity of 1 m/s in stages B and B’ (the rest of operating parameters are the

same as those in Table 1).
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Fig. 8. Estimation of the operational diagram of the Ca/Cu looping process depicted in Fig. 2 (Notation used: dep-depressurisation; rep-pressurisation).

when the S/C ratios are high and T;,,4« achieved in stage A is there-
fore lower, which increases the temperature difference between
stages B’ and C. Consequently, the amount of energy required in
stage C from the CuO reduction is greater. In contrast, #equ2 shows
the opposite behaviour by falling sharply from 76.6% to 74.5%
when the S/C ratio increases from 3 to 4. This tendency is mainly
due to the higher amount of steam exported for a reduced S/C ratio
in stage A, caused by a lower steam requirement in stage A, and a
higher level of steam production (the amount of heat available
from the gas streams depicted in Fig. 4 is greater, associated with
the higher recycle from B to B/, a higher fraction of gas exiting A
sent to stage AO and the higher mass flow rate of gas from stage
C). The results in Table 4 show that there are no significant differ-
ences in the power output of the plant when the S/C ratio in stage A
changes, because the larger steam turbine and expander outputs at
reduced S/C ratios are partly compensated for by the higher con-
sumptions of the air compressor and recycle blower.

For the reference FTR-plant with a CO, capture system based on
MDEA absorption, a #¢q 2 of around 71.6% and a carbon capture ra-
tio (CCR) of around 85% are obtained. Noticeably better #.qn, val-
ues for the Ca/Cu looping process result for any of the S/C ratios
analysed (between 3 and 5% points above that of the reference
case), mainly due to the better cold gas efficiency of the SER pro-
cess. Moreover, the CCR in the Ca/Cu process is appreciably higher
compared to that of the reference plant (94% vs. 85%) since carbon
emissions associated with the PSA off-gas are avoided. These dif-
ferences translate into a lower amount of energy consumed per
unit of CO, captured in the Ca/Cu process (i.e. around 1.6-2.4 MJ/
kg of CO,) compared to that of the reference plant with capture
(3.3 M]/kg of CO,), which confirms the potential of this novel Ca/
Cu process as a good H, production technology with CO, capture
compared to conventional H, production processes equipped with
commercial capture technologies.

As can be seen from results in Table 4, the main power con-
sumptions correspond to the air compressor that supplies O, in
the oxidation stage of the Ca/Cu process. The operating conditions
selected in this work (detailed in Table 1) offer several alternatives
for improving the performance of the process while lowering the
power requirements. The use of more reactive reforming catalysts
based on noble transition metals (such as Pt, Rh or Pt), that do not
undergo oxidation and reduction over the several reaction stages,
reduces the amount of catalyst needed in the process and reduces
air consumption in the oxidation stage. Other alternatives that
would improve the performance of the Ca/Cu looping process in-
clude increasing the maximum temperature allowed in stage B,
which would reduce the amount of Cu-material and solid material
to be heated up in stage C. Also reducing the gas velocities in stages
B and B’ would result in lower pressure drop in the solid bed and,
therefore, in a lower consumption of the recycle blower. In order to

quantify the influence of these alternatives on the performance of
the process, an additional simulation case based on the following
assumptions has been included: (1) a Pt-based reforming catalyst,
working under the minimum catalyst-to-sorbent mass ratio of 0.15
required to achieve the maximum possible H, production [51], (2)
a maximum temperature in stage B of 1113 K, and (3) a gas veloc-
ity in stages B and B’ of 1 m/s. The results obtained under these
conditions have been listed in the last column of Table 4. As ex-
pected, a reduction in the power needed in the process is observed
because of the smaller amount of air consumed in the oxidation
stage resulting from the use of a noble metal catalyst, and from
the reduction in the pressure drop in the recycle blower. Moreover,
the #u2 and #7eqn2 values increase to 78.6% and 77.1%, respectively,
with respect to the Ca/Cu base case with a S/C ratio of 3 under the
conditions in Table 1, due to the reduced energy input needed in
stage C’' associated with the smaller amount of solid material re-
quired and the lower temperature difference to be heated up to
reach the calcination temperature during stage C. These results
show there is potential for efficiency improvement in the Ca/Cu
looping process if more active catalysts are used, and if higher
maximum temperatures or lower gas velocities are allowed during
the reaction stages. In addition to the alternatives already ana-
lysed, the development of materials with a higher content of active
Ca0 or Cu than those considered in this work could also contribute
to a reduction in the energy consumption of the Ca/Cu process, and
therefore to an enhancement of its performance. For this reason,
further investigation focused on materials for the Ca/Cu process
with low inert and high active contents is needed to confirm the
experimental and modelling potential of this novel concept.

In a continuous process, all the reaction stages described above
must be carried out in a system of packed fixed beds operating in a
cyclical manner. Multiple beds operating at the same time with the
feed gas being switched from one reactor to another reactor are
necessary to produce the steady amount of H, mentioned above
(30,000 Nm3/h). For the operating conditions and flow rates that
maximise H; efficiency (a S/C of 4 in stage A), and a reactor length
of 7 m, a theoretical duration of around 30 min has been estimated
for stage A assuming that the essential design criterion for this
stage is to work at the highest possible gas velocity (0.5 m/s) al-
lowed by the SER equilibrium [50]. For stages B and B/, the criterion
followed has been the minimum number of beds working in paral-
lel without incurring an unacceptably high pressure loss. An
acceptable limit for the pressure drop in a reaction stage is consid-
ered to be around 50 kPa. Therefore, gas velocities of around 2 m/s
(B) and 1 m/s (B’) have been chosen. In stages C and C/, the reduc-
tion, calcination and reforming reactions are fast enough to permit
the operation at a high gas velocity (around 5-6 m/s) without
incurring an excessive pressure loss. A theoretical time for the
completion of one cycle has been estimated to be around
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140 min assuming a minimum of 15 reactors: 3 operating in stage
A, 3 in stage B, 3 in stage B/, and one reactor for each of the other
remaining steps (stage C, stage C’, rinse steps (2), depressurisation
and re-pressurisation + stage AO), as shown in Fig. 8. The opera-
tional diagram proposed in this work is based on simple process
assumptions, and therefore, an alternative diagram would be pos-
sible if a more complete economic assessment were carried out so
as to optimize the process in terms of velocities, number of parallel
reactors, reactor length, etc.

A further point to be discussed is the temperature of the gas
from B stage which is expanded in the N, expander. In order to
avoid thermal stress affecting the turbine blades and pressure fluc-
tuations, temperature variations and gradients need to be mini-
mised. It is generally acknowledged that the smaller the
temperature change of the gas sent to the N, expander, the better
for turbine operation. Similarly, mixing the outlet gas from the
beds operating in parallel in stage B with a certain time shifting
could have a positive buffering effect, leading to smoother temper-
ature peaks. In the case of S/C = 4, the maximum AT of 54 K for the
gas from stage B (between Tygxa = 1049 K and Tpexp= 1103 K) is
reduced to 18 K as a result of operating with three parallel beds.

As a final remark, it should be highlighted that an economic
analysis is needed to evaluate the feasibility of this concept com-
pared to competitive technologies. The controllability of the plant,
the availability and reliability are other important points to be ta-
ken into account when comparing different processes. As regards
capital cost, despite a number of parallel reactors are required in
the Ca/Cu process, cheaper material than in FTR can be used and
downstream shift reactors and equipment for CO, separation are
avoided, with potential savings. As far as operating costs are con-
cerned, the high hydrogen production efficiencies obtained with
the Ca/Cu process can be decisive, considering that operating cost
in conventional FTR plants, associated to primary feedstock con-
sumption, can contribute by up to 70-85% to the cost of the hydro-
gen produced [93].

6. Conclusions

A detailed and complete process design of a H, production plant
based on a novel Ca/Cu chemical looping process has been de-
scribed assuming a set of reasonable operating conditions (0.3 g
of conventional Ni-based catalyst per g of CO, sorbent, 1600 kPa,
a maximum temperature in the oxidation stage of around 1103 K
and a maximum temperature for the sorbent calcination of around
1143 K). On the basis of a fully integrated scheme representing the
gas streams available in the Ca/Cu process and a complete thermo-
dynamic assessment, this study estimates a maximum H, yield of
3.4 mol of Hy/mol of carbon, which corresponds to an equivalent
hydrogen efficiency of around 75% and a CCR of around 94%. Fol-
lowing an analogous procedure for the integration of a reference
H, production plant based on conventional steam reforming with
MDEA for CO, absorption, an equivalent hydrogen efficiency of
around 72% (3% points lower than the Ca/Cu process) was obtained
with a CCR of around 85% (9% points lower).

It has been demonstrated that the use of more reactive reform-
ing catalysts (based on noble transition metals), higher tempera-
tures during Cu oxidation and lower gas velocities to reduce the
pressure drop, improve the equivalent hydrogen efficiency of the
Ca/Cu looping process by as much as 77%. Under these conditions,
the equivalent specific energy consumption in the Ca/Cu looping
plant is 1.6 MJ/kg of CO, captured with a CCR of 93%, which is
much lower than the energy consumed in the reference plant with
CO, capture (3.3 MJ/kg CO, captured) with a lower CCR. These re-
sults, added to other design advantages inherent in a Ca/Cu looping
process with a compact pressurised reactor design, demonstrate

the potential of this novel process as a H, production technology
with CO, capture compared to conventional H, production pro-
cesses that use commercial capture technologies. Further research
on materials with a higher content of active CaO or Cu to minimize
the inert content of solid beds will also contribute to reducing en-
ergy consumption in this process and to a better plant
performance.
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The integration in a natural gas combined cycle (NGCC) of a novel process for H, production using a chemical Ca—Cu
loop was proposed. This process is based on the sorption-enhanced reforming process for H, production from natural
gas with a CaO/CaCOj; chemical loop, but including a second Cu/CuO loop to regenerate the Ca-sorbent. An integra-
tion of this system into a NGCC was proposed and a full process simulation exercise of different cases was carried out.
Optimizing the operating conditions in the Ca—Cu looping process, 8.1% points of efficiency penalty with respect to a
state-of-the-art NGCC are obtained with a CO; capture efficiency of 90%. It was demonstrated that the new process
can yield power generation efficiencies as high as any other emerging and commercial concepts for power generation
from NGCC with CO; capture, but maintaining competing advantages of process simplification and compact pressurized
reactor design inherent to the Ca—Cu looping system. © 2013 American Institute of Chemical Engineers AIChE J, 59:

2780-2794, 2013
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Introduction

The recent World Energy Outlook 2011' indicates that
natural gas (NG) demand will keep increasing its share in
the world energy mix over the next two decades, particularly
due to its boost in the electricity generation section. In this
sector, the state-of-the-art large-scale natural gas combined
cycle (NGCC), is a well-established commercial technology
due to its high efficiency and reliability with low CO, emis-
sions and investment costs. However, NGCC with nearly
zero CO, emissions is a necessary condition to make the ex-
ploitation of the vast reserves of NG compatible with the
long-term goals for climate change mitigation.”

There are different alternatives to accomplish this scheme
of NGCC with nearly zero emissions that imply different
grades of modification in the existing combined cycle.3’4 The
first approach proposes carrying out the CO, removal from the
exhaust gas of a commercial NGCC using chemical absorption
by amine solutions.”™! This option implies no modifications
to the existing gas turbine but for the steam extraction at low
pressure (LP) for the stripping section of the capture process
and, therefore, is more feasible for the retrofitting of existing
power plants. On the basis of this configuration, more compact
designs of absorption plants and slightly higher efficiencies
result if part of the exhaust flue gas from the gas turbine is
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recycled to the compressor of the combined cycle after heat re-
covery, leading to lower investment and operational costs.>710
A second arrangement is to use a decarbonized fuel into the
combined cycle6’9’12_]4 that would require of slightly modifi-
cations in the operating parameters of the gas turbine to avoid
its malfunctioning. There is a broad range of precombustion
processes able to provide a H,-based fuel to be burnt in the gas
turbine, which has been explained in further detail later.
Finally, there would be a third alternative route of CO, capture
in NGCC that proposes using O, as oxidizing agent in the
combustion chamber of the gas turbine and, therefore,
obtaining an exhaust gas consisting mainly of CO, and
H,0,>%1%1315 gimilar to that in oxy-combustion processes.
This option requires redesigning the gas turbine to use CO, as
working fluid and also including an air separation unit (ASU),
which would greatly increase the cost and negatively affect
the efficiency. In this oxy-combustion context and to avoid
including the ASU, different process configurations have been
proposed such as the advanced zero emission plant,’ 113 or the
integration of either a solid oxide fuel cell'"'®'” or chemical
looping combustion process“’lg’19 into a combined cycle.
Despite the fact that these options have been reported to have
greatly high efficiencies at low CO, emissions, none of these
options seem likely to be developed in a foreseeable future
due to the requirement of challenging either materials or lay-
outs to operate under conditions of conventional gas turbines.
The postcombustion option referred earlier for NGCC
with nearly zero CO, emissions has been usually adopted as
the reference case for power plants from NG including

AIChE Journal



carbon capture. The selection of a NGCC equipped with
postcombustion CO, capture using amines (usually monoe-
thanolamine, MEA) is driven by its simple configuration
without modifying the gas turbine operation while relies on
more mature technology than other capture options, such as
the precombustion routes.”” The variability of the NGCC net
plant efficiency reported in the literature (that could range
between 55 and 59%) has led to consider the efficiency pen-
alty to compare the different capture options to the reference
NGCC chosen. It has been reported in the literature that this
postcombustion CO, capture option in NGCC results in an
efficiency penalty in the range of 7-10% points when
using MEA with a regeneration energy close to 4 Gl/ton
CO,. 112173 Simulation results point out that as low as
5.5 points of efficiency penalty would result when using a
diethanolamine (DEA) absorption system to perform the
CO, capture in a NGCC,” due to its very low energy require-
ments during regeneration. However, efficiency penalty is
not the only criteria to choose among these absorption CO,
capture options. Although lower regeneration energies are
required when using DEA or blended MEA-N-methyldietha-
nolamine (MDEA) solvents, poorer CO, performance results
from using them due to their low CO, absorption rate and,
therefore, an absorber height for blended MEA-MDEA of
more than three times that with MEA would be required for
the same CO, capture efficiency.>* Added to the higher
investment costs linked to the usage of blended MDEA or
DEA solutions, the stringent requirements of SO, and NO,
acid gases concentrations to avoid heat stable salts forma-
tion®® lead to consider a highly effective gas cleaning system
to avoid deteriorating amine, and then incrementing also
capital investment. In addition, from an environmental point
of view, it is important to consider that amines, but espe-
cially MEA, undergo degradation within the process and
form ammonia and other toxic degradation products that
should be controlled to avoid harmful emissions to the
atmosphere.”® Finally, hazardous solid waste products
derived from the recovery of spent solvent should be prop-
erly managed to reduce their risks and impacts to the
humans and the environment.?” As a result, all this prevent-
ing issues contribute to increase the cost of this CO, post-
combustion capture process and make other zero emission
alternatives gain importance.

Looking through the challenges of the different options
mentioned earlier for reducing CO, emissions in NGCC, pre-
combustion CO, capture in NGCC has received a lot of
attention in the last decades as a nearly zero emission alter-
native.'? This option comprises the coupling of a commercial
chemical process that generates a H,/CO, mixture from NG,
which CO, concentration is in the range of 15-60% (dry ba-
sis) and should be removed to obtain a low-carbon gas
stream, and a rich-H,-fuelled gas turbine. Regardless of the
H, production process from NG, and due to the fact that
growing attention is paid to the possibility of burning H, in
a gas turbine to reduce CO, emissions, heavy duty conven-
tional gas turbines designed to run on NG have to be
adapted to be H, fuelled until new specific designs to run
exclusively on H, will be available. Switching from NG to
H, in a gas turbine leads to consider different operation
strategies for adapting the original machine to operate prop-
erly, because of the effects of variation of volume flow rates
and thermophysical properties of the new fuel.”® General
Electric (GE) turbines, specially 9FB model, allow burning
fuels containing up to 60% of H, without major changes.*’
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These changes would comprise first, decreasing the
combustor outlet temperature and the first rotor total inlet
temperature (TIT) to avoid excessive metal operating
temperature and enlarge component lifetime and, second,
closing partially the compressor variable guide vanes (VGV)
for reducing the air mass flow while maintaining pressure
ratio.”® By means of these slight modifications, the efficiency
of the combined cycle fuelled by H, has proven to be similar
to that of a conventional NGCC, while gas turbine power
output even increases derived from thermodynamic proper-
ties of the gas expanded.”®

Regarding to the H, production island, there is a wide va-
riety of existing and commonly used synthesis gas produc-
tion processes. These processes comprise steam methane
reforming (SMR), autothermal reforming (ATR), and partial
oxidation (POX)."? All these technologies have been pro-
posed to be integrated into a combined cycle carrying out an
assessment of the efficiency derived.*®''**3% These proc-
esses usually imply three stages in the fuel processing
sequence: (1) primary feedstock conversion into a H,/CO
mixture at high temperature, (2) water—gas shift reaction at
intermediate temperature to convert CO to CO, and increase
H, yield, and (3) removal of CO, at ambient temperature by
means of chemical absorption. A common feature of the
integration of these technologies with a combined cycle is to
provide the steam required for reforming from a medium
pressure bleed of the steam cycle, which translates into a
penalty to the process efficiency. Other operating parameters
and/or process considerations, such as temperature and pres-
sure of the reforming stage, the amount of air derived from
air compressor to the ATR or POX processes, or the physical
and chemical absorption/desorption properties of the amine
solvent chosen, are also decisive to the efficiency penalty
assessed. Under the same combined cycle assumptions and
chemical absorption column assumptions using DEA—water
solution, plant configuration based on SMR shows poorer
performance than that based on POX with respect to a com-
bined cycle of the same technology (10% points of efficiency
penalty for SMR vs. 7.6% points for POX>'*?), mainly due
to the fact that steam-to-carbon ratio, S/C, in SMR is exten-
sively higher than in POX. With respect to ATR-based con-
figurations, efficiency penalties when integrating with a
combined cycle range from 8% points, when moderate oper-
ating conditions and energy requirements are assumed, to
14% points for stringent conditions.®!'*%33% In view of this
published results, POX-based configurations focused on
power production by H,-fuelled gas turbines bring out as
those with the best performance together with ATR
configurations operating mainly with moderate S/C and
energy consumptions in the amine regeneration column.

In addition to the previous set of commercial technology
options available for precombustion of NG, novel combined
reaction/separation systems have emerged as novel routes of
precombustion CO, capture to produce H,, which bring
down not only the steam and energy requirements but also
the complexity and efficiency decay of the precombustion
decarbonization routes aforementioned. The sorption-
enhanced reforming (SER), concept proposes integrating a
CO,-acceptor sorbent to enhance H, production while reduc-
ing catalyst use and leading to process simplification and
cost reduction.”> SER was originally proposed to be carried
out in fluidized bed reactors under atmospheric pressure by
using Ca-sorbents as C02—21cce:ptors.36’37 However, when
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Figure 1. Process layout of the Ca-Cu chemical loop process focused on power generation (based on the scheme

proposed by Fernandez et al.*®

D and E are the compressor and the gas turbine of the combined cycle, respectively. F is the external air compressor and G the

N, expander.

focused on electricity generation by burning rich-H, gas in a
gas turbine, the higher pressures required lead to either
extremely high regeneration temperatures in a rich-CO,
atmosphere, or lower temperatures when adding steam and/
or using other sorbents.”®* " These sorbent regeneration
problems are largely absent operating at lower temperatures
than in the sorption-enhanced reaction process. A simplifica-
tion of this process is the sorption-enhanced water—gas shift
(SEWGS) process41 that maintains the need of a steam
reforming step to produce a Hp/CO mixture and integrates in
one step the water—gas shift and CO, removal. The overall
SEWGS process has been shown to result in efficiency pen-
alties from 7 to 9% points when integrating with a combined
Cycle.42’43

An alternative reforming process using CaO as a CO, sor-
bent has been also published by GE whose aim is to solve the
problem of the energy needed for sorbent regeneration.***°
This process, called unmixed reforming (UMR), was origi-
nally proposed for small-scale H, production by alternately
cycling fuel and air to a packed bed, and is based on including
a metal oxygen carrier (usually Ni) into the process together
with the CO, sorbent. In this way, the energy released in the
oxidation of the metal with air is used to regenerate the CO,
sorbent in the same solid bed and, therefore, an efficient
energy transfer occurs and so the energy efficiency increases.
However, UMR does not include CO, capture since oxidation
and sorbent regeneration take place in the same stage, and
CO, is released diluted with the N, from the air.

Based on the UMR but solving the issue of CO, emis-
sions, the novel route for H, production on which this work
is based emerged. The novelty of this process is that the
energy for regenerating the CO, sorbent is supplied by the
exothermic reduction of CuO with NG, CO, or H,, which
takes place in the same solid bed,*”*® and a rich-CO, stream
with readily separable H,O is produced. As this process
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combines the CaO/CaCO; and Cu/CuO chemical loops, it
gathers the main advantages of the SER and the UMR proc-
esses: production of rich-H, in one step that leads to a simpli-
fied process, no need of an ASU, improved heat transfer, low-
cost reactor materials due to the lower temperatures needed,
and better heat integration, and so process efficiency.

The main objective of this article is to develop a feasible
integration of this novel precombustion route for H, produc-
tion into a NGCC for electricity production, and to carry out
an assessment of the net plant efficiency obtained when
modifying its operating conditions looking for either high ef-
ficiency and/or high CO, capture. Finally, the results
obtained in this work are compared with the results reported
in the literature for other precombustion decarbonization
routes integrated into a NGCC.

Process Description
H, production island

The process analyzed in this work, briefly outlined in Fig-
ure 1, was first proposed by Abanades and Murillo*® and fur-
ther described by Abanades et al. 47 For NG precombustion
applications, it is proposed to be carried out in fixed-bed
reactors, where pressure and temperature can be independ-
ently modified to fit the performance requirements needed to
obtain a rich-H, gas stream from CHy. Although this process
can be designed to produce H, and/or electricity, it has been
considered in this work the last option and, therefore, the
layout proposed by Fernandez et al. *® has been slightly
modified to be consistent with this electricity production
aim. To be able to produce power, the precombustion CO,
capture process must be integrated into an advanced com-
bined cycle, based on a heavy duty gas turbine whose oper-
ating parameters should be modified to be fuelled with a
Hs-enriched fuel instead of NG. Reactions occurring in each
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stage and equations used to solve mass and energy balances,
as well as the considerations taken into account to decide
about operating conditions in each stage, have been widely
discussed by Fernandez et al.,48 and, therefore, a brief
description is done in this work mainly focused on the
energy management in the process.

First step in the process (Stage A in Figure 1) involves H,
production via SER from CH, with steam in the presence of
CaO, a Cu-supported material and a certain fraction of a
commercial Ni-based reforming catalyst. A catalyst-to-sor-
bent mass ratio of 0.3 has been maintained constant in every
case studied in this work, whereas the amount of Cu-sup-
ported material has been adjusted in each case to fulfill the
energy balance of the process. Reforming, water—gas shift
and carbonation reactions taking place in the fixed-bed reac-
tor, Egs. 1-3, have been considered to be fast enough to
achieve equilibrium at the working conditions. Space veloc-
ities typical of the conventional steam reforming (over 4000
Nm® CH,/m® cat/h and 0.5 m/s of superficial gas velocity)
have been considered. The low superficial velocity of gas
chosen in Stage A allows having a negligible pressure drop
in this stage of around 2 kPa.

CH4(g)+H20(g) «— CO (g)+3H2(g) AH298K2+2061(J/II101

M
CO (g)+H 0(g) <> COx(g) +Ha(g) AHaoskx =—41kJ/mol

2
CaO (s)+CO,(g) <« CaCO;3(s) AHygx=—178.8kJ/mol

3)

As a result of the combined reactions (1)—(3) being ther-
mally neutral in the reactor, temperature in Stage A will not
affect significantly the H, yield as long as carbonation reac-
tion is favored.’® However, from a thermal efficiency point
of view, the lower the temperature in Stage A, the lower the
energy penalty associated with the preheating of the CH,/
steam mixture fed into the SER, and, therefore, an operating
temperature of 650°C has been chosen in this stage. The
rich-H, gas from this stage (Stream 2 in Figure 1) needs to
be cooled down and diluted with compressed air to be burnt
into the combustion chamber of a state-of-the-art gas turbine,
as described in the next section. As design specifications of
the gas turbine modeled (parameters based on a GE 9FB gas
turbine) imply working with a pressure ratio of around 18.3
in the air compressor and with a fuel overpressure in the
combustion chamber of around 20%,34 with respect to the
oxidant stream, operating pressure in Stage A has been con-
sidered to be equal to 2200 kPa. Concerning to the S/C
molar ratio in SER, higher values tend to enhance CH, con-
version and H, yield. S/C ratios in the range of 3-5 are com-
mon in this process,35 contributing also to minimize coke
formation®' and the subsequent catalyst deactivation. As a
result of the S/C molar ratio chosen, a rich-H, product gas
with a H, concentration ranging from 50 to 65% vol. is
obtained. This fuel composition, with a great amount of
steam, will have a positive effect on NO, emissions due to
the use of steam as dilution agent for reducing NO, forma-
tion in the combustion chamber.?®

Once the breakthrough of the SER has concluded (end of
Stage A), a new reaction stage begins in the fixed bed when
diluted air is fed to oxidize Cu and produce the necessary
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amount of CuO to carry out the subsequent calcination of
the CaCOj; formed in Stage A. The oxidation of Cu (Eq. 4)
is highly exothermic, and, therefore, this step is one of the
main energy outputs from the system.

Cu (s)+'/20,(g) <> CuO(s)  AHygx=—156.1kJ/mol

“)

The evolution of the reaction and heat-exchange fronts in
the fixed-bed reactor during Stage B will determine the tem-
perature of the exiting gas (Stream 4). Two different periods
of time can be identified: a first period where the gas leaving
this stage has the same temperature as the maximum temper-
ature reached during Stage A (T,.xa that is between 675
and 695°C). A second period of time exists when the gas
stream is at the maximum temperature in Stage B (Ti,axB
between 830 and 870°C). Part of this second gas stream at
Tmaxp 1s sent to an expander (Unit G in Figure 1) to gener-
ate extra power and maximize the net efficiency of the pro-
cess. After this expansion, this O,-depleted gas (Stream 6)
will be at low temperature around 340-365°C (depending on
Tmax,B)» suitable to be further cooled down before being sent
to the stack. The proportion of gas at Tiax o and Tax s leav-
ing Stage B can be adjusted by modifying the proportion of
gas rf;:irculated, as it was explained in detail by Fernandez
et al.

As part of Stream 4 leaving this Stage B at around 1780
kPa (a pressure drop around 50 kPa resulted in this stage
from the conditions chosen) is proposed to be used to drive
an additional expander and produce power, the oxidation in
reactor B needs to be carried out at the maximum allowable
temperature. However, very high temperatures are not feasi-
ble, because Cu and CaO active surface could be irreversibly
lost and an undesired level of CaCO; calcination could take
place. Reasonable values of T),,xp considered in this work
are in the range of 830-870°C. Fast oxidation kinetics have
been reported in the literature®® at this temperature range
even with a low content of O, in Stream 3. To moderate the
maximum temperature that could be reached in this reactor,
oxidation rate should be controlled by reducing the O, con-
centration in the gas fed into Stage B, and simultaneously
working with low temperatures in this inlet gas (at 150°C).
Under these circumstances of high pressure (HP) and limited
temperature, and according to equilibrium calculations, CO,
concentration at the exit of Stage B will be kept to a mini-
mum of 1.5-3% vol. Such a high dilution of O, at the inlet
of Stage B will be achieved by recycling a large fraction of
the O,-depleted flue gas exiting this stage (Stream 5) and
mixing with compressed air extracted from the compressor
of the gas turbine (Stream 8) and from an additional air
compressor (Stream 10).

When Stage B finishes, the solid bed is left downstream at
the temperature of the gas fed (150°C). This makes impossible
to initiate the reduction of CuO with CH4, CO, or H, and the
simultaneous CaCOj calcination (Stage C). Then, it is neces-
sary to introduce an intermediate stage between Stages B and
C for raising this bed temperature up to a higher value that
allows CaCOs calcination and reduction of CuO to Cu to take
place. Therefore, an additional heat-exchange stage needs to
be included (Stage B’) to transfer the excess heat of recycled
diluted air to the fixed-bed reactor of depleted Cu.

The recirculation ratio (defined as Stream 5/Stream 4) has
been set in 0.85 to minimize efficiency losses, which results
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in superficial gas velocities of around 2 m/s. Under these
conditions, Stream 5 is not able to raise bed temperature up
to Tiax s, and, therefore, at the end of this stage, the reactor
is left divided into two zones at different temperatures
(Timax.a and Tp,x ). In any case, part of the flue gas leaving
Stage B’ (Stream 5') is at Tiax.a, Which is not cold enough
to be introduced again into Stage B at 150°C, and, therefore,
an additional heat exchanger is required to remove the
energy excess of this stream and that of the compressed air
coming from the compressors D and F in Figure 1 at a tem-
perature of around 420°C.

The next step in the process is the CaCO; calcination by
means of the reduction of CuO formed in Stage B. As this
stage has been designed to be thermally neutral, the Cu/CaO
molar ratio in the solid should be properly chosen to be sure
that the heat released in the reaction front by the exothermic
reaction of CuO with CHy, CO, or H, is equivalent to the
energy required to the endothermic calcination of the CaCOj;
formed in Stage A. As it was demonstrated by Fernandez
et al.,*® taking into account the energy released in the reduc-
tion reactions of CuO with CH4 (Eq. 5), CO (Eq. 6), and H,
(Eq. 7), lower values of the Cu/CaO molar ratio were
obtained when reducing CuO using syngas. Values ranging
from 1.3 to 1.9 were obtained depending on the H,/CO ratio.

4CuO(s)+CH 4(g) < 4Cu(s)+CO,(g)+2H,0(g)

5
AH298K2_195.31(J/H101 ( )

CuO(s)+CO(g) < Cu(s)+CO,(g) AHsx=—131.9kJ/mol
(6)

CuO(s)—f—Hz(g) — Cu(s)-i—HzO(g) AH298K2_89.61(J/1’I101
)

From 700°C onward, reduction kinetics of CuO with H,
and CO are fast enough to be completed in short times, and,
therefore, CuO reduction is not going to be the limiting fac-
tor to the operating conditions in Stage C, but the CaCO;
calcination. To have a reasonable temperature in Stage C of
around 850-870°C, and then to avoid that Cu- and Ca-based
sorbents could sinter and lose their activity, pressure in Stage
C must decrease to atmospheric pressure. The operating tem-
perature of Stage C is a variable to study in this work, as it
determines the recoverable heat in the rich-CO, gas obtained
(Stream 14) before being sent to the compression and purifi-
cation unit (CPU).

Due to the fact that solids in Stage C are left in the bed at
the high calcination temperature and to the need of reducing
the solid bed temperature down to values of 650°C to start a
new cycle, Ferndndez et al.** proposed an additional steam
reforming (Stage C') at atmospheric pressure that provides
the syngas fed into Stage C while the solid bed is cooled
down to an appropriate temperature. LP steam introduced in
Stage C’ is bled from the steam turbine at around 170 kPa,
to compensate for the pressure drop in Stages C and C/,
which is around 70 kPa for the gas velocity of 10 m/s con-
sidered.*® The S/C ratio of the mixture fed to Stage C' must
be kept low to avoid CO, production that could partially car-
bonate the CaO, and then, reducing the CaO available for
the following Stage A. To reduce the calcination temperature
from 870 to 850°C, S/C molar ratio in Stage C' has to be
increased to reduce CO, partial pressure in Stage C. It has
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been calculated that S/C ratio in Stage C’ should be
increased from 1.5 to 2, when calcination temperature is
reduced from 870 to 850°C and, at the same time, the Cu/
CaO molar ratio is reduced.

Throughout the process description, it has been high-
lighted the existence of six different hot streams that need to
be cooled down providing valuable heat suitable to be inte-
grated into the process: rich-H, gas leaving Stage A (Stream
2), O,-depleted gas after expansion (Stream 6), O,-depleted
gas leaving Stage B’ (Stream 5'), compressed air from gas
turbine compressor and booster compressor before being fed
to Stage B (sum of Streams 8 and 10), rich-CO, gas leaving
Stage C (Stream 14), and exhaust gas of the gas turbine
(Stream 11). The energy available in these six hot streams is
more than six times the energy required to preheat the gas
streams that have to be introduced in the system (gas inlets
into Stages A and C’ at 650°C). Due to the large energy
availability of the process gas streams, a heat-exchange net-
work has been designed, as described in “Heat-Exchange
Network Design” section to accommodate the inputs up to
the specifications of each stage and to produce HP, steam to
be introduced in the steam cycle, and achieve in this way
high power generation and/or CO, capture efficiencies.

Power island

Reference Combined Cycle. The technology that repre-
sents the state-of-the art of large-scale power plants from
NG is the NGCC, due to its high fuel-to-electricity efficiency
and its reliability at low CO, emissions and investment cost.
This power plant has been taken as a reference to be inte-
grated with the Ca—Cu looping system described earlier. A
simulation model for a state-of-the-art NGCC has been
developed in Aspen Hysys, based on a simple design for the
gas turbine section. The specifications for the gas turbine
have been adapted from those provided by Romano et al.>*
for a GE 9FB heavy duty gas turbine. The steam cycle has
been modeled based on a triple-pressure reheat heat recovery
steam generator (HRSG), as it leads to the highest net plant
efficiency for a NGCC.>*> Main parameters and model
assumptions considered for this reference plant are compiled
in Table 1. Part of the air compressor discharge is bled and
channeled into the gas turbine initial stages for blade cool-
ing. Coolant flow has been estimated to accomplish the
required temperature at the combustor outlet of 1454°C, and
it is staged along the first two expansion stages of the gas
turbine to fulfill the turbine inlet of 1360°C. After cooling,
this air is reintroduced into the gas stream to minimize the
impact on turbine performance. NG is fed to the combustor
of the gas turbine at 156°C, with a fuel overpressure of 20%
with respect to the compressed air. Heat losses of 0.11% of
the fuel input have been considered at the combustor.®* In
the modeled HRSG, an intermediate pressure of 2200 kPa
has been chosen to match the steam requirement pressure of
the reforming step of the Ca—Cu looping process. From this
simulation model, a NGCC efficiency of 58.8% has been
obtained while CO, emissions are 351.3 gCO,/(kW h).

Integrated Combined Cycle with the Ca—Cu Looping
Process. Switching from NG to a H,-fuelled mode requires
from slight modifications in the operating parameters of the
modeled reference gas turbine described earlier. The larger
steam content in the flue gas when burning a rich-H, fuel
leads to a higher blade metal operating temperature, and,
therefore, a lower turbine inlet temperature (TIT) is needed
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Table 1. Main Assumptions for the Reference NGCC Plant
Without CO, Capture (Taken from Romano et al.’%)

Natural gas
Composition (% vol.)

LHV

Gas turbine
Temperature of fuel to combustor
Pressure ratio
Compressor polytropic efficiency
Compressor outlet temperature
Combustor outlet temperature
TIT
Heat losses at combustor

Exhaust gas turbine pressure
Auxiliaries consumption
Mechanical efficiency
Generator efficiency

Steam cycle
SH/RH temperature
Evaporation pressures
Condensing pressure

82.9% CHy; 7.8%

C,Hg; 1.8% C3Hg; 0.8%

C4H10; 1.1%

CO,; 5.5%

N,; 0.1% He
44.13 MJ/ke

156°C

18.3

91.50%

419°C

1454°C

1360°C

0.11% of fuel
input (LHV)

104 kPa

0.35% of net power

99.60%

98.50%

565°C/566°C
12,500/2200/400 kPa
4.8 kPa

Table 2. Summary of the Assumptions Added or Modified in
the Integrated Combined Cycle with the Ca—Cu Looping

HP/IP/LP isentropic efficiencies 92/94/88%

Pumps adiabatic efficiencies 70%

Electric efficiency 98.10%
Pressure losses

HRSG gas side 3 kPa
Temperature differences in HRSG

Gas—steam 25°C

Gas-liquid 10°C

Pinch point gas-boiling liquid 10°C

to enlarge component lifetime. In this case, and according to
the calculations made by Romano et al..> it has been
assumed for the H,-fuelled mode calculations a TIT of
1345°C and a reduced combustor outlet temperature of
around 1433°C. Additionally, the design pressure ratio of
18.3 has been maintained constant with an inlet air flow
reduced by the VGV of the compressor.”® Moreover, it has
been assumed that the rich-H, fuel (Stream 2 in Figure 1)
has to be cooled down to 300°C to be fed into the combus-
tion chamber of the gas turbine.

As mentioned in the “H, production island” section, O,
needed in Stage B is supplied by introducing compressed air
blown from the gas turbine compressor. If too much air is
derived to the process from the gas turbine compressor prior
to the combustion chamber, the performance and temperature
profile of the gas turbine will be dramatically affected.
According to the values reported in the literature,®**3* the
maximum percentage of air from the compressor gas turbine
that can be sent to the precombustion process should be in
the range of 12-13%. Due to the fact that the air derived
from the air compressor to Stage B in the Ca—Cu looping
system represents between 18 and 20%, an external air com-
pressor (Unit F in Figure 1) is required to not affect nega-
tively gas turbine performance. Characteristics assumed for
this booster compressor as well as modifications made for
the gas turbine from the reference NGCC to be fuelled by
rich-H, are compiled in Table 2. Additionally, a fan (not
depicted in Figure 1 for the sake of simplicity) needs to be
included to adequate pressure of recycled gas (Stream 5') fed
into Stage B up to 1830 kPa. Due to the high superficial gas
velocity of 2 m/s assumed for the Nj-enriched air fed to
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Process

Gas turbine

Temperature of fuel to combustor 300°C

Percentage of air derived from compressor 12%

TIT 1345°C

Combustor outlet temperature 1433°C
Temperature differences in heat exchangers

Gas—gas 25°C

Gas-boiling or liquid phase 10°C

Liquid-liquid 10°C

Condensing-liquid 3°C
Booster compressor and fan

Polytropic efficiency 89%

Mechanical-electric efficiency 96%
Expander

Polytropic efficiency 80%

Mechanical-electric efficiency 98.1%
Pumps

Adiabatic efficiency 75%

Mechanical-electric efficiency 92%
CO, compressor

Number of intercooled stages 5

Intercooling temperature 30°C

Intercooling pressure loss 1%

Outlet pressure after compression stages 9000 kPa

Liquid CO, final pressure 15,000 kPa

Polytropic efficiency for compressor stages 82%

Pump efficiency 75%

Mechanical-electric efficiency 94%

Stage B, a pressure drop of around 50 kPa results from pass-
ing this gas through the oxidation stage. As part of the gas
that leaves Stage B is recycled to Stage B’ for bed heating, a
total pressure increase of 100 kPa needs to be transferred to
Stream 5 before being fed to Stage B. Characteristics of this
fan have been assumed the same as the booster air compres-
sor, compiled in Table 2.

As indicated previously, for a conventional NGCC plant,
the highest net plant efficiency is achieved with a triple-pres-
sure reheat steam cycle configuration.”® However, a specific
design of the HRSG is required in this case, because a sig-
nificant amount of HP steam could be externally produced to
the HRSG thanks to the heat recovered from cooling other
process streams. To carry out the design of the steam cycle
implemented in this work, and to decide the most favorable
configuration for the HRSG, the composite curve (tempera-
ture vs. heat recovered/introduced in each stage) of the hot
heat source (exhaust gas from the gas turbine) and that of
steam were drawn to locate the pinch point between them.>*
Process design was carried out to produce HP-saturated
steam external to the HRSG (at 12,500 kPa and 327°C)
using available gas streams at high temperature. Therefore,
feedwater at conditions similar to those at the LP steam tur-
bine outlet is transferred to an external economizer and
evaporator, and then saturated HP steam produced is trans-
ferred to the superheater (SH) of the HRSG. To determine
the best configuration for the HRSG, an exhaust gas with
properties similar to that obtained for a H,-fuelled gas tur-
bine case was considered. A double-pressure reheat (12,500
kPa and 2200 kPa, to match the operating pressure of Stage
A in the Ca—Cu looping process) and a triple-pressure reheat
(12,500, 2200, and 400 kPa) configurations have been com-
pared here, as the single-pressure system cannot yield as
high efficiency as these configurations.”® By assuming the
same amount of saturated HP steam external to the HRSG
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Figure 2. Composite curves for (a) double-pressure

reheat and (b) triple-pressure reheat HRSG,

with 45 kg/s of HP-saturated steam pro-

duced external to the HRSG.

Dashed lines refer to the exhaust flue gas and solid lines
refer to water/steam cycle.

for both configurations (45 kg/s), it has been obtained the
composite curves depicted in Figure 2 for the double-pres-
sure reheat (a) and the triple-pressure reheat (b) layouts. As
shown in this figure, the minimum temperature difference
for both configurations is located at the inlet of the interme-
diate pressure (IP) EVA. From this pinch point and the hot
end of the HRSG, it is recovered in both cases the same
amount of heat from the hot exhaust gas (around 225 MW).
However, only about 280 MW of the heat available from the
flue gas is transferred to the water/steam steam cycle in the
double-pressure configuration (Figure 2a) whereas around
305 MW are recovered in the triple-pressure reheat configu-
ration (Figure 2b), which translates into a higher stack tem-
perature for the double-pressure case (125°C vs. 85°C). This
more efficient heat transfer in the triple-pressure reheat con-
figuration translates into a higher amount of steam produced
(76 kg/s vs. 68 kg/s) and, therefore, a high-efficient com-
bined cycle. From this analysis, the triple-pressure reheat
configuration was chosen in this work for the HRSG coupled
to the gas turbine.

In the integrated combined cycle power plant, CO, com-
pression has been included in the simulation layout, designed
according to the information provided by Romano et al.**
The CO, compressor is a five-stage-intercooled compressor,
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with an intermediate temperature of 30°C and including also
intermediate flash units to separate condensates. The stream
of CO, liquefied has a purity of >99%, which fits CO,
concentrations limits allowed for its geological storage. The
specific consumption of the CO, compressor, according
to the operating parameters considered in Table 2, resulted
to be around 100 (kW h)/tcop captured, in accordance with
the power requirements predicted by Darde et al.”> when
compressing a nearly pure CO, stream as in this case.

Figure 3 summarizes the integration explained earlier
between the combined cycle and the Ca—Cu looping system.
As shown in this figure, the links between the combined
cycle and the Ca—Cu looping process are: rich-H, gas to be
burnt in the combustion chamber, compressed air from gas
turbine compressor sent to Stage B, IP steam derived from
the outlet of the HP steam turbine to be used in Stage A, LP
steam bled from the last stages of the steam turbine to be
fed into Stage C’/, and the HP-saturated steam produced
externally to the HRSG of the combined cycle to be fed into
the SH of the HRSG. For the sake of simplicity, the heat-
exchange network between the Ca—Cu looping gas streams,
the fan required in Stage B, as well as the CO, CPU have
not been depicted in Figure 3.

Heat-exchange network design

Due to the large amount of heat available from cooling
process gas streams leaving the different stages in the
Ca—Cu looping system, a heat-exchange network has been
designed with the aim of accommodating the inputs up to
the specifications of each stage while producing as much
HP-saturated steam as possible to be introduced in the SH of
the steam cycle. As detailed in the “H, production island”
section, there are six gas streams that provide valuable heat
suitable to be integrated into the process. However, the
exhaust gas from the gas turbine (Stream 11 in Figure 1) has
not been included in the heat-exchange network designed,
because it is sent to the HRSG. Figure 4 shows a schematic
layout of the process integration proposed, including the
same notation as in Figure 1 for better understanding. CHy
needed into Stage A enters into the system at 20°C and at a
pressure slightly higher than that required in Stage A. It is
heated up to around 310°C before being mixed with steam at
around 2200 kPa bled from the outlet of the HP steam tur-
bine. As seen in Figure 4, this heating is accomplished
thanks to the heat recovered from the exhaust gas of the ex-
pander (Unit G in Figure 1), which is at a temperature in the
range of 340-365°C depending on the temperature of the gas
fed into this expansion stage (Tp.xp). This mixture of CHy
and steam is further heated up to 650°C in subsequent stages
using heat from rich-H, gas from Stage A at 650°C and
from rich-CO, gas from Stage C at 850-870°C (Tpyax.c). An
equivalent heating route has been assumed for the CH, fed
into Stage C’, introduced into the process at around atmos-
pheric pressure and 20°C, and heated up to around 210°C
before being mixed with steam bled from the LP steam tur-
bine. As depicted in Figure 4, this mixture is heated up to
650°C to be fed into Stage C’ thanks to the heat recovered
from compressed air at around 420°C and rich-CO, gas.

According to Figure 4, external HP steam is generated
thanks to the heat recovered from: (1) the rich-H, gas stream
after gas heating, which is cooled down to 300°C to be fed
into the combustion chamber of the gas turbine; (2) the O,-
depleted gas obtained from Stage B’ at 675-695°C
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Figure 3. Schematic layout of the integrated combined cycle with the Ca-Cu looping process.

(depending on the S/C ratio in Stage A) that is required to
be at 150°C to be fed again into Stage B; (3) the rich-CO,
gas stream from Stage C after gas heating that should be
cooled down to be fed into the CPU for its storage; and (4)
compressed air from the gas turbine and the booster com-
pressors after gas heating that are required to be at 150°C to
be fed into Stage B. It has been assumed that feedwater for
HP steam generation comes into the system as saturated lig-
uid at 4.8 kPa, resulting from condensing steam exiting last
expansion stage in the gas turbine. This saturated liquid is
compressed up to around 12,500 kPa and is fed into heating
stages, economizer (ECO) and evaporator (EVA) units. As a
result of this integration, nearly half of the HP steam intro-
duced into the HP steam turbine of the steam cycle is pro-
duced external to the HRSG. Temperature differences
considered in the heat exchangers depend on the type of heat
exchange as compiled in Table 2.

It was checked that in most of the analyzed cases there
was low-temperature heat still available in the rich-CO,
stream after its use in the heat-exchange network before
being sent to the CPU. It was analyzed the possibility of
using this waste heat to produce LP steam to be fed into the
steam turbine, but it was demonstrated that negligible
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improvements in the net efficiency were obtained and, there-
fore, this option was rejected.

Simulation Results
Plant performance

To make a comparison between the reference NGCC with-
out CO, capture and the combined cycle integrated with the
Ca—Cu looping system, the following operating conditions
have been chosen as a base case: a S/C molar ratio of 5 in
Stage A, a maximum temperature of 830°C in Stage B and
870°C as calcination temperature in Stage C, which lead to
high H, yield in Stage A and high overall CO, capture effi-
ciency. These conditions are similar to those proposed by
Fernandez et al.*® but maintaining the three pressures men-
tioned earlier (2200, 1830, and 101.3 kPa in Stages A-C).
Under these process conditions and for the same airflow rate
entering the gas turbine compressor in both cases, results
(reported on Table 3) show a net efficiency of 48.9% (based
on the low heating value, LHV, of CH,) for the combined
cycle integrated with the Ca—Cu looping process, with an effi-
ciency penalty of 9.9% points with respect to the NGCC refer-
ence case and an 88.5% of overall CO, capture efficiency.
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process (GT: gas turbine and ST: steam turbine).

Higher gas turbine power output (64.3 MW) is obtained in
the integrated combined cycle with the Ca—Cu looping pro-
cess with respect to the reference NGCC, despite the lower
temperature at the turbine inlet. The main reasons for this
higher output are, on the one hand, the higher amount of
flue gas expanded in the gas turbine of the Ca—Cu case (due
to an increase in the fuel flow rate, from 11.9 kg/s of NG in
the NGCC to 41.5 kg/s of rich-H, in the Ca—Cu case) and,
on the other hand, the higher steam content of this flue gas,
which leads to a higher enthalpy drop along the expansion in
the gas turbine compared with the rich-N, exhaust gas in the
reference NGCC. With respect to the steam cycle, there is
not a great difference between the power output produced in
both cases despite the fact that the steam derived to the
Ca—Cu looping process bled from HP turbine outlet yields
between 40 and 60% of the steam expanded in the HP tur-
bine, and the LP steam bled from LP steam turbine repre-
sents between 11 and 18% of the steam expanded in the LP
turbine. This fact is explained, because the power loss
derived from these steam extractions is compensated by
both: a larger mass flow rate of steam produced in the
HRSG because of a higher exhaust gas flow rate, and the
HP-saturated steam generated external to the HRSG by cool-
ing gas process streams. Among the additional power
requirements in the Ca—Cu looping process, CO, compressor
represents the highest power loss (14.1 MW), followed by
the booster air compressor (10.9 MW) and the fan (3.1
MW). However, there is an important difference in the
power distribution between the two plants compared, because
there is extra electricity produced in the expansion of the gas
from Stage B (344 MW), which compensates greatly the
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additional power requirements associated with the Ca—Cu
looping process. Moreover, as a result of the conversion effi-
ciency of CHy to H, in the SER process, but mainly due to
the fact that the CH, fed into Stage C’ is not going to gener-
ate valuable gas for power generation, thermal input in the
Ca—Cu looping system is greatly higher than in the NGCC
case (765.3 MWy, vs. 524.3 MW,), contributing also to pe-
nalize net efficiency of the process.

Table 3. Results of the Reference NGCC and the Base Case
Considered for the Integrated Combined Cycle with the
Ca—Cu Looping Process

Integrated
combined
Reference cycle with
NGCC the Ca—Cu
without CO, looping
capture system
Electric power (MW)
Gas turbine 197.1 261.4
Gas turbine auxiliaries —-0.7 -0.9
Steam turbine 1133 109.5
Steam cycle pumps —14 —-1.2
N, expander - 344
Booster compressor - —10.9
Fan - -3.1
Auxiliary pumps —0.8
CO, compressor - —14.1
Net power 308.3 374.3
Thermal input (MWy,, based on LHV) 524.3 765.3
Net efficiency (%) 58.80 48.9
CO, capture ratio (%) — 89
Specific emissions (gcoy/[kW h]) 351.3 40.5
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Table 4. Operating Conditions and Results Obtained for the Different Case Studies Analyzed

Case Al Case A2 Case A3 Case A4 Case Bl Case B2 Case B3 Case B4 Case BS Case B6

S/C in Stage A 5 5 5 5 3 3 3 3 3 3

Tmax in Stage B (°C) 830 830 850 850 830 830 850 850 870 870

Tmax in Stage C (°C) 870 850 870 850 870 850 870 850 870 850

PGrnet (MW) 260.5 260.4 260.4 260.4 241.9 241.9 241.9 241.9 241.9 241.9
Pt et (MW) 108.3 107.4 106.9 106.7 118.3 117.8 117.7 117.2 116.8 116.2
Pexpander (MW) 344 334 349 33.8 30.6 29.5 30.9 29.9 31.3 30.4
Prooster (MW) 10.9 9.8 10.5 9.4 4.8 3.7 44 33 3.8 2.9
Pty (MW) 3.1 3.0 3.0 2.9 2.8 2.8 2.8 2.7 2.7 2.6
Paux (MW) 0.8 0.8 0.8 0.8 0.7 0.7 0.7 0.7 0.7 0.7
Pcpu (MW) 14.1 13.7 13.6 13.6 12.4 12.3 12.3 12.3 12.1 12.1
Poet MW) 374.3 373.9 374.3 374.2 370.1 369.7 370.3 370.0 370.7 370.2
H;, (LHV) (MW) 765.3 737.7 762.1 737.7 751.4 725.9 751.4 725.9 751.4 725.9
Mnet, plant (%) 48.9 50.7 49.1 50.7 49.2 50.9 49.3 51.0 49.4 51.0
Penalties (% points) 9.9 8.1 9.7 8.1 9.6 7.9 9.5 7.8 9.5 7.8
CCR (%) 89.0 90.1 86.6 89.2 80.2 82.2 79.3 81.9 77.9 80.9
gCO, emitted/(kW h) 40.5 40.1 46.0 43.6 78.5 78.1 83.3 82.8 88.8 88.2

P: power output, 5: efficiency.

Sensitivity analysis

A sensitivity analysis has been carried out to determine the
influence of the operating conditions of the Ca—Cu looping
process in the overall plant performance and to find out those
operating parameters that result in the lowest efficiency penal-
ties. For a given mass flow rate of CHy of 10 kg/s fed into
Stage A, and maintaining the temperature of the inlet streams
of Stages A, B, and C’ at 650, 150, and 650°C, respectively,
the following parameters have been modified: (1) the S/C
molar ratio in Stage A, to analyze the possible effect of divert-
ing part of the IP steam at 2200 kPa from the steam turbine to
the Ca—Cu looping system, (2) Ty.x allowed in Stage B that
determines mainly the CO, released in Stage B that will be
emitted to the atmosphere with the exhaust gas turbine, and
(3) the calcination temperature in Stage C (accomplished by
modifying the S/C molar ratio in Stage C’) related to the
recoverable heat in the heat-exchange network as well as with
the amount of Cu needed in the system. As a result of modify-
ing these operating parameters, 10 different case studies have
been obtained as reported in Table 4.

Effect of SIC Molar Ratio in Stage A. The molar S/C ra-
tio in the gas fed into SER stage has been modified between
3 and 5, which are common values considered in the litera-
ture for the SER.* As shown from the results in Table 4,
gas turbine power output is higher for cases with a higher
S/C ratio in Stage A, although flue gas molar flow expanded
in the gas turbine in all the simulation cases is similar. Main
differences between cases labeled as “A” in Table 4 (with a
S/C ratio of 5 in Stage A) and those labeled as “B” (S/C of
3 in Stage A), come from the rich-H, gas burnt in the com-
bustion chamber of the gas turbine, which has a higher flow
rate and a higher H, content for A cases with a S/C ratio of
5 in Stage A. On the one hand, higher volume flow rate of
fuel fed into the gas turbine leads to a lower excess of air in
the combustion chamber to accomplish the combustor outlet
temperature of 1433°C established, which translates into a
lower compressor consumption, whereas, on the other hand,
higher H, and steam content in the fuel leads to a higher
steam molar fraction in the flue gas expanded (25% vol. vs.
18% vol.), which involves a higher enthalpy drop along the
expansion in the gas turbine, and higher specific power pro-
duced in the expansion. As a result of both effects, higher
gas turbine output results in those cases with a higher S/C
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molar ratio in Stage A (260.4 MW vs. 241.9 MW). How-
ever, as higher S/C ratio in Stage A implies a higher amount
of steam at 2200 kPa bled from the steam turbine (a mass
flow of 10 kg/s of CH, into Stage A is maintained constant
in all the simulation cases), lower amount of steam is
expanded in the steam turbine in A cases of Table 4 that
reduces its power output.

From a power consumption point of view, main power
requirements from CO, compressor (Pcpy in Table 4), fan
(Ptan), and booster compressor (Ppoosier) are higher for those
A cases with higher S/C in Stage A, which compensates the
higher gas turbine power output, and translates into a net
power output (P, similar to that obtained for B cases oper-
ating with a lower S/C ratio in Stage A. Increasing the S/C
ratio in Stage A CH4 conversion in the SER stage is favored
and CaCOj formed increases, which translates into a higher
amount of CuO required in the process to accomplish the
energy balance required in Stage C. As a consequence,
higher amount of O, is required into Stage B and higher
mass flow rate of CO, is produced in Stage C of the Ca—Cu
looping process, which lead to higher booster and CO, com-
pressor consumptions, respectively. Differences mentioned
between A and B cases with respect to gas and steam turbine
power output and to power requirements, make the net plant
power output (P,.,) be almost similar in every case analyzed,
and make the heat input be the decisive parameter on the net
efficiency.

Thermal input is determined by the amount of CH, fed
into Stage C/, as a mass flow of CH, of 10 kg/s into Stage A
has been maintained constant in every simulated case as
pointed out previously. CH, input into Stage C' increases
when increasing the amount of CuO required in the process
to fulfill energy balance in Stage C, because higher amount
of the CO/H, mixture is needed for CuO reduction. More-
over, thermal input depends on Ty, p and Tyaxc, but this
effect is described in the next sections. Consequently, as S/C
ratio in Stage A increases, and a higher amount of CaCOj is
formed into Stage A, higher thermal input is required into
the process. As a result of this increase, generally slightly
lower net efficiencies result from A cases with respect to B
ones, when comparing cases with the other two parameters
(Timax.p and Tpax c) constant, and efficiency penalties as low
as 7.8% points can be achieved under operating conditions
with a S/C ratio of 3 in Stage A.
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Larger differences are observed from a CO, emission or
CO, capture efficiency point of view, as cases with the high-
est S/C ratio in Stage A show the best CO, capture rates, as
specific CO, emissions decrease when CaCO; formation is
favored in Stage A. CO, capture efficiencies, or carbon cap-
ture ratio (CCR) in Table 4, close to 90% come from the
cases with S/C molar ratio of 5, whereas values as low as
78% of capture efficiency have resulted from cases with a
ratio of 3. According to the results in Table 4, the lowest
values for the CO, emissions come from those cases operat-
ing at a T p as low as 830°C in Stage B, resulting around
40 and in 78 g CO, emitted/(kW h) for S/C of 5 (Cases Al
and A2) and 3 (Cases B1 and B2), respectively.

Effect of Calcination Temperature (T,,,.c). Calcination
temperature in Stage C (which is the maximum temperature
in Stage C, Tp.x.c) should be high enough to favor calcina-
tion kinetics under the operating conditions of Stage C.
When increasing Tax c from 850 to 870°C, steam excess in
Stage C can be reduced from 2 to 1.5 according to calcina-
tion kinetics, but higher amount of Cu-material is needed as
the energy required in Stage C to achieve T, c increases.
From the results obtained (Table 4), it can be appreciated
that for a given S/C molar ratio in Stage A and T, p, lower
Tmax.c translate into lower efficiency penalties, due mainly to
the fact that lower thermal input is then required in Stage C'.
To a lesser extent, the reduction in Ty, c Will lead also to
reduced air fan power consumption. So, from a calcination
temperature point of view, the lowest feasible temperature
chosen in Stage C leads to low efficiency penalties as ther-
mal input in Stage C is reduced. Tyaxc should not be further
decreased below 850°C as then calcination reaction would
not take place (equilibrium CO, partial pressure at 850°C is
48.6 kPa and CO, partial pressures ranged from 40.5 to 42.6
kPa in the cases studied).

Effect of Oxidation Temperature (T,..p). As part of the
gas leaving oxidation stage at Tyaxp is used to drive an
external expander to produce extra power, it is important
that Stage B in the Ca—Cu looping process operates at its
maximum allowable temperature Ty« s to enhance the sub-
sequent expansion efficiency. However, this temperature is
related to the CO, emissions in the Ca—Cu looping system,
because part of the CO, emitted in the process comes from
the O,-depleted air after expansion, which is sent to the
stack. Therefore, it is important to minimize CaCOj; calcina-
tion in this stage to avoid increasing the CO, emitted in the
process. According to the results in Table 4, the lowest val-
ues for the CO, emissions come from those cases operating
at a T p as low as 830°C in Stage B, resulting in around
40 and 78 g CO, emitted/(kW h) for S/C of 5 (Cases Al
and A2) and 3 (Cases B1 and B2), respectively. However,
nonremarkable differences in the net efficiency can be attrib-
uted to changes in Ty, B, because the O,-depleted gas from
Stage B sent to the expander represents around 10% of the
total gas expanded in the gas turbine, and, therefore, power
produced in the expansion unit is around 8% of the total
power produced in the system (sum of Pgrpets PsTonets and
Pexpansor in Table 4). As a consequence, low Tiax g is prefer-
able in this system, as CO, emissions are then minimized
and net efficiency in the process is not dramatically affected.
Under these conditions of minimum Ty« p, slightly higher
amounts of Cu-supported material are required to heat the
solid bed up to the calcination temperature in Stage C, which
would increase the operating costs of the process.
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To complete the analysis and determine an optimum set of
operating conditions in the simulation model proposed, it has
been studied the contribution of each individual penalty to
the whole penalization to the net efficiency of the reference
NGCC plant. According to the assessment of the net penalty
carried out in this work, four main sources of penalization
arise from the analysis. Three of them have been computed
directly in the evaluation of the net plant efficiency: CO,
CPU, booster compressor and fan in Stage B and plant auxil-
iaries, whereas there is a fourth one, specific and inherent to
this Ca—Cu looping process. On the one hand, there is an
additional fuel consumption in Stage C’ to produce the syn-
gas for CuO reduction, which is not going to produce power
but increases the thermal input into the process. On the other
hand, there is a portion of air derived from the compressor
outlet to the Ca—Cu looping process that is delivered O,
depleted with a lower flow rate, and sent to an expander
with a lower efficiency than the compressor gas turbine. In
this way, a higher flow rate is compressed with respect to
that expanded, contributing to the penalization. This group
of penalties derived from coupling the Ca—Cu looping pro-
cess with a combined cycle have been brought together and
titled as Inherent in Figure 5, where the contribution of each
penalization mentioned is represented.

According to Figure 5, CPU penalization remains almost
constant between 17 and 23% of the whole penalization in
every case analyzed, because the CO, capture rate moves
between 78 and 90% in the different scenarios analyzed.
Wider differences result from booster compressor and fan
between cases with high S/C molar ratio (A cases in Figure
5) to those cases with low S/C ratio (B cases). This is due to
the fact that higher amounts of Cu-based material are needed
in A cases, because of the effect of high S/C explained ear-
lier, and then higher amounts of O, (and subsequently of air)
are required to be fed into Stage B. It could be also appreci-
ated that modifying the Tj,,xp and Ty.xc. the contribution
of booster compressor and fan consumption to the whole
penalty of the process remains almost constant between 18
and 21% for A cases and between 9 and 11% for B cases.
The highest differences in the contribution of each penalty
source come from those inherent to the Ca—Cu looping pro-
cess, especially when varying Tyaxc. This is mainly due to
the fact that there are great differences in the thermal input
when varying from 850 to 870°C in Tp,axc. As mentioned,
lower steam excess is required into Stage C' for Tpac of
870°C, because the CO, equilibrium partial pressure is so
high with respect to the CO, partial pressure that there
would be no problems for calcination, but higher amounts of
CH, are required then to achieve this higher T),.xc, and,
therefore, higher penalization. Consequently, T,.xc of
850°C is preferred from an efficiency point of view, due to
their lower penalization to the net plant efficiency. There are
further differences in the inherent penalty when modifying
the S/C between 3 and 5, as it is observed lower contribution
for Cases A than for B. This is due to the positive effect that
high S/C ratios in Stage A have into the net power output
derived from the gas turbine, as explained before. Related to
this fact, operating conditions with S/C of 5 become the op-
timum from a penalization point of view, because, under
these conditions, inherent penalties to the process are the
minimum whereas the other penalties are susceptible of
being reduced with technological improvements in the CO,
or in the air compressors. According to this analysis, the
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Figure 5. Contribution of the different penalty sources considered in the different cases studied (nomenclature
used for the different cases referred to that used in Table 4).

optimum operating conditions chosen, which maximize the
net efficiency of the process up to a value of 50.7%, leading
to 8.1% points of penalty, and allow accomplish an overall
carbon capture efficiency of 90% in the process, are Tp,.xp
of 830°C, Tiaxc of 850°C, and a S/C molar ratio of 5 in
Stage A.

Results obtained for the integrated combined cycle with
the Ca—Cu looping system under these optimum conditions
have been compared with other competing technologies pro-
posed in the literature to be integrated in a NGCC, based on
burning a decarbonized fuel into the gas turbine. Among
these technologies, it has been considered those commercial
based on NG POX, SMR, and ATR, and those emerging
technologies based on using CO,-sorbent acceptors, like
SEWGS or SER. The main results obtained in each case
reported in the literature are shown in Table 5, together with
the results obtained in this work for the optimum operating
conditions chosen.

From the results compiled in Table 5, it is observed a
wide range of efficiency penalties reported for the ATR-
based power plants (from 8 to 14% points), which indicates
the strong dependence with the operating assumptions made
with temperature or pressure, or the CO, removal unit heat
duty considered. SMR is in the upper limit of the efficiency
penalty due to its high energy requirements in the reforming
stage and the low temperature of the gas streams to be inte-
grated, with modest carbon capture rates of around 85%.
Regardless of SMR, the efficiency assessed in this work for
the integration of the Ca—Cu looping process into a NGCC
(50.7%, 8.1% points of penalty) is similar to those values
reported in literature for the SER process (50.2%, 8.4%
points of penalty)*® and for the SEWGS (50.0%, 8.3% points
of penalty).43 It is reasonable that similar efficiencies to
those reported for the SER concept are obtained, because
both concepts are similar. Higher turbine output is obtained
for the SER case, as there is no air derived from the air
compressor to the SER process like in the Ca—Cu looping
process, and due to the lower amount of steam bled from the
steam turbine to the process (S/C ratio of 4.5 for reforming
in SER has been chosen, but higher S/C is required in the
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Ca—Cu case due to the steam fed into Stage C' to perform
further reforming). However, similar efficiency results in
both cases, because ASU power consumption in the SER
layout contributes to increase penalty to the reference
NGCC. Compared with the results reported for the SEWGS
process, it can be observed that, making the correspondent
changes to be in the same order of magnitude, similar gas
turbine sizes but higher steam turbine power output are
reported for the SEWGS case with respect to the results in
this work. Air extraction is made for both cases from the gas
turbine compressor to the H, production island, but a highly
efficient gas heater reformer is used in the SEWGS case,
operating with a very low steam excess (low steam bled
from steam turbine). However, slightly higher efficiency is
obtained in the Ca—Cu looping scheme, as the O,-depleted
air extracted from the gas turbine compressor is used to
drive an external expander, producing additional power.

To summarize, efficiency penalty obtained in this work
for the integration of the Ca—Cu looping process into a
NGCC is among the lowest values reported in the literature
for similar technologies, whereas the CO, capture efficiency
can be as high as 90%. Process simplification with respect to
the other competing technologies, derived mainly because of
the thermally neutral character of the reactions involved,
allows for fewer fixed-bed reactors (of larger diameter) using
similar pressure and temperature swing modes of operation
as in other existing processes, but without the need of heat
supply surfaces. Moreover, from an operational point of
view, the Ca—Cu looping system shows a simplified layout
with respect to ATR and POX technologies that required at
least five different stages (prereformer for ATR, ATR/POX
reactor, HT, and LT WGS reactors, and the absorber-stripper
amine absorption plant), and it also avoids the operating
problems derived from the ATR/POX stringent conditions of
temperature and pressure. Concerning the integration of the
SEWGS process with a combined cycle, it must be pointed
out that the capital intensive steam reforming reaction stage
is still required to produce a suitable H,/CO gas stream. In
addition, high carbon capture rates force to include a high
temperature shift reactor previous to the SEWGS stage to
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favor high CO, yields, and, therefore, process simplification
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NG = natural gas
NGCC = natural gas combined cycle
POX = partial oxidation
RH = reheater
SER = sorption-enhanced reforming
SEWGS = sorption-enhanced water—gas shift
SH = superheater
SMR = steam methane reforming
TIT = turbine inlet temperature
UMR = unmixed reforming
VGV = variable guide vanes
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ABSTRACT: A Cu-loaded pellet presenting 60 wt % Cu has been synthesized via impregnation of an alumina support. The base
material shows a relatively low surface area and EDX analysis revealed that CuO is well-distributed across the particles.
Cylindrical pellets have been produced from the original impregnated particles in order to reduce the typical pressure drop that
would occur operating in fixed bed reactors in a novel Ca/Cu chemical looping system for hydrogen production and/or power
generation. The materials have been characterized, and their reactivity with CH,, CO, and H, was determined. Regardless of the
gas used, a full reduction of CuO occurs and the oxygen transport capacity of the material is not affected by the number of cycles.
The kinetic parameters for the reduction reactions of CuO in this material were calculated and are consistent with the data
presented in the literature. A shrinking core model at particle level fit the experimental results available for the pellet.

B INTRODUCTION

There is a continuous increase of H, demand from chemical
and energy industries and fossil fuels are the primary source of
energy for H, production. Hydrogen production combined
with CO, capture and permanent CO, storage (precombus-
tion) is one of the possible major routes to decarbonize the
energy sector, especially in scenarios where H, is deployed to
the transport and power generation sectors." Steam methane
reforming is the established and commercial method to
produce H, at large scale. However, the CO, emissions
produced by this commercial process are high since it has been
reported that around 9 tons CO, per ton of H, are generated.”
There are well-established routes to obtain the CO, in a
concentrated form suitable for permanent geological storage.
However, as with other CO, capture technology routes; there is
also a great interest for the development of new technologies
that can reduce drastically the CO, capture cost with respect to
more mature H, technologies.

In the sorption enhanced methane reforming (SER) a
reforming catalyst is combined with a CO, sorbent (usually
Ca0) in order to remove in situ the CO, as soon as it is formed
(see review by Harrison>).

CH,(g) + CaO(s) + 2H,0(g) & CaCO,(s) + 4H,(g)
(1)

The overall process is slightly exothermic so no additional
energy is required for the production of H,. Moreover, the
presence of a CO, sorbent shifts the equilibrium to the right, so
complete methane and CO conversion can be closely
approached, leading to higher hydrogen yield at relatively
mild conditions of pressure and temperature. More benefits can
be achieved from the SER process, and they are widely reported
in the literature.> ' However, it is necessary to regenerate the
sorbent by calcination of CaCO; to CaO in a CO, rich
atmosphere in order to fulfill the cyclic operation of the

AH, e = —13.7k]/mol
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process. This is a very endothermic reaction (AH,gg¢ = 178 kJ/
mol), and additional energy is required to reach the high
calcination temperatures that equilibrium demands (above
1173 K in pure CO, and atmospheric pressure). Several
options have been proposed in the literature, such as the SER
process explored by Chevron,'' that uses high temperature
streams of combustion gases to provide the heat required for
the CaCO; calcination, or the redox looping process (“unmixed
reforming”), investigated by General Electric,">" in which the
exothermic oxidation of Fe or Ni with air supplies the energy
for the regeneration of the sorbent. However, in these
conditions, CO, is not captured because it is released in a
highly diluted form in the outlet flue gases.

On the basis of the “unmixed reforming” concept of Lyon,"
a novel Ca/Cu chemical loop process has been described in
some recent publications'*'* for H, production and/or power
generation. The use of a Cu/CuO chemical loop after the SER
operation solves the problem of the endothermic CaCOj;
calcination and produces a CO,-rich stream that can be easily
separated for subsequent transport and geological storage.
Figure 1 shows the general scheme of the proposed Ca/Cu
chemical loop process, where the energy for the calcination of
CaCOQ; is supplied by the exothermic reduction of CuO with a
fuel gas (CH,, CO and/or H, from an additional reforming
step in Stage C).

The process, recently described in detail by Fernandez et al.
(2012)," has been design for large-scale H, production and/or
power generation, and it is proposed to be carried out in fixed
bed reactors that will have to alternate pressure and
temperature conditions to accommodate the required reaction
steps outlined in Figure 1.
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Figure 1. General scheme of the proposed Ca/Cu chemical loop for
hydrogen production."*

In the first stage of the process (A in Figure 1), a high H,
purity stream is obtained via the sorption enhanced steam
reforming of methane in the presence of a Ca-based sorbent, a
conventional Ni-based reforming catalyst, and a Cu-supported
material. Typical operating pressures of about 20—35 bar and
temperatures of around 650 °C allow high H, yields and
promote carbonation reaction. Once the CO,-sorbent is totally
carbonated, a Cu oxidation stage (B in Figure 1) takes place in
order to produce the CuO necessary for the subsequent
sorbent regeneration (C in Figure 1). The high exothermicity
of Cu oxidation reaction permits the generation of a product
gas at high temperature and high pressure suitable to drive
efficiently a gas turbine for power generation. A careful control
of temperature (T,,,, lower than 830 °C) is required in order to
minimize the loss of CO, by partial CaCOj calcination and also
avoid the irreversible loss of Cu activity and CaO active surface.
Low concentrations of O, and low gas temperatures in the inlet
gas limit the appearance of undesirable hot spots during stage
B. Therefore, a large part of the product gas (mainly composed
by N,) must be recycled and cooled down before being mixed
with compressed air and then fed into oxidizing reactor. An
additional heat exchange step needs to be included to extract
the excess of heat from the recycled gas and at the same time
raising the temperature of the oxidized bed up to a value that
allows the reduction of CuO to Cu."” During stage C, the
calcination of the CaCOj; formed in stage A is carried out by
means of the exothermic reduction of the CuO formed in stage
B with a fuel gas. By coupling an endothermic and exothermic
reaction in the same solid matrix, a higher efficiency is achieved
and lower equipment costs are required, since the heat is
directly transferred from the metal to the carbonate. The
operation pressure must decrease to atmospheric pressure in
order to allow the CaCOj calcination at reasonable temper-
atures (below 900 °C). The product gas is composed by CO,
and H,O, that are easily separable. A conventional steam
methane reforming during the final stage C’ (see Figure 2)
permits to reduce the temperature of the solid bed from around
900 to 650 °C, which is in the range for the optimal SER
performance in a new cycle, and produce a flue gas with high
content of H, and CO that can be fed into stage C, minimizing
the amount of Cu required to accomplish the sorbent
regenera\tion.15

A critical issue for the development of the Ca/Cu looping
process is the availability of materials with the right proportions
of Ca and Cu to sustain the H, Production via SER and the
regeneration of the CO, sorbent.'* There are incipient works
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Figure 2. Detailed scheme of stages C’ and C in the proposed Ca/Cu
chemical loop.

that are aimed at obtaining solids that incorporate Cu and Ca in
the same matrix via coprecipitation at nanomolar scale of
mixing'® and by the preparation of pellets containing both
oxides (CaO and CuO) as reported by Manovic and
Anthony."”” ™" In both cases, the works are at an early stage
of development and the materials have been tested in TGA
apparatus for only a limited number of cycles.

Taking into account the energy requirements for CaCO;
calcination and for heating up solid and gas reactants to the
high calcination temperature required in step C to maintain the
thermal neutrality, a typical Cu/Ca molar ratio between 1.3 and
1.9 is required depending on the CO/H, ratio present in the
gas stream exiting stage C’ that will act as CuO reducing
agent."®> With such a high Cu proportion, the first target in the
present work was to obtain a Cu-based material of about 60 wt
% of Cu and test its reactivity during the critical reduction step.
Several preparation methods of these types of materials have
been reported in the field of chemical looping combustion.>*~>¢
Mechanical mixing, coprecipitation, spray drying, freeze
granulation, and impregnation over different inert supports
have been considered in the literature as suitable routes to
obtain solids with high load of Cu (up to 82.5 wt %). In every
case, the Cu-based materials exhibited high CuO reduction
reaction rate either with CH, CO, and H,. However
contradictory results have been published regarding to the
mechanical and chemical stability of materials depending on the
synthesis routes employed. Cu-based oxygen carriers synthe-
sized by mechanical mixing over sepiolite, Al,O;, SiO,, and
TiO, presented initially high reactivity and excellent chemical
stability. However, partial agglomeration and/or significant fall
in mechanical stability were detected after several oxidizing/
reducing cycles carried out in TGA and fluidized bed
apparatus.”>*’ Freeze granulation has been also proposed as a
valid process to produce oxygen carriers with high metal load.
However, Cu-based carriers produced by this method also
showed important agglomeration problems after several
reduction and oxidation periods in a fixed bed reactor operating
at temperatures around 1123 K.** The successive impregna-
tions of an inert matrix (dry impregnation20 or wet
impregnation methods®®) in a saturated aqueous solution of
Cu(NO;), followed by calcination stages has been proved as a
valid method to obtain solids with a high content in Cu

dx.doi.org/10.1021/ie3012598 | Ind. Eng. Chem. Res. 2013, 52, 1481—1490
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depending on the number of impregnations carried out. These
solids have shown good chemical stability, reactivity, oxygen
transport capacity, and mechanical stability”>**** as example
and works reviewed by Adanez et al.*®

Therefore, the main objective in this paper has been the
synthesis of stable and reactive materials containing a Cu load
over 60 wt % in order to sustain the energy requirements of the
regeneration of a Ca-based CO, sorbent in the Ca/Cu chemical
loop of Figure 1. The materials have been pelletized to allow for
their utilization in fixed bed reactor, which are considered the
natural choice for high pressure operation desired for H,
production routes from natural gas, aimed at high energy
efficiency applications.'*'> An objective of the paper is also the
investigation of the reduction kinetics of these Cu-based
materials (both in particles and pellets form) because this is the
critical, overall rate controlling step, in the Ca/Cu process
showed in Figure 1. A reaction model based on the shrinking
core model first proposed by Yagi and Kunii*® is applied to
describe the reduction conversion of this solid, and the effect of
gas composition of the reducing agent is discussed.

B EXPERIMENTAL SECTION

Preparation of Cu-based Materials and Character-
ization Techniques. The synthesis route selected for the
materials forming the pellets prepared in this work basically
follows the procedure described by de Diego et al.*® It involves
successive impregnations of an inert matrix in a saturated
aqueous solution of Cu(NO;), followed by several calcination
stages at low temperature (around 923 K) to decompose the
impregnated nitrate to copper oxide. Commercial y-alumina
Puralox WNa-550 particles were calcined for 3 h at 1423 K to
form a-alumina (particle diameter cut 200—400 um, 3.76 g/
cm?® density, and 52% porosity presenting a BET surface area of
24 m*/g) to reduce the interaction between active metal and
support.’’ The impregnation method consisted on the
immersion of a-alumina particles with stirring, during 24 h
and at room temperature, in an almost saturated aqueous
solution of Cu(NO;),4H,0 (~5 M). An excess volume of
solution with respect to the pore volume was added on every
impregnation. After every impregnation stage the solids were
filtered, dried in a muffle oven overnight at 393 K, and calcined
for 1 h at 823 K. A final calcination stage at 1148 K has been
carried out as reference temperature to stabilize the materials
for the typical conditions in which the Ca/Cu looping process
is performed. Several analytical techniques have been applied to
characterize the materials obtained in the intermediate
impregnation steps as well as to the final synthesized material.

As indicated above, the Ca/Cu chemical loop process
described in this work contemplates the use of fixed bed
reactors for hydrogen and/or electricity production at large
scale. Therefore, an effort on pelletizing the Cu-based material
has been carried out in order to reduce the pressure drop along
the reactors during operation.15 In this work, a steel matrix was
designed and built in order to obtain pellets from the Cu60
particles. The matrix consisted of 40 hollow cylinders to be
charged with the powder (50 mg). A metallic piston in each
cylinder was pushed by a hydraulic press (compression
conditions: 24 500 kPa, 3 h) to form 40 pellets with the
characteristics shown in Table 1.

The solids were characterized by using a Hg Porosimeter
Quantachrome Pore Master to estimate the pore volume and
the pore-size distribution, and N, adsorption (Micromeritics
ASAP2020) at 77 K was used to calculate the surface area by
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Table 1. Main Physical Properties of the Cu60 Solid, for
Both Particles and Pellet

sample Cu60
wt % Cu in the reduced solid 60
% OTC 13.2
particles
particle diameter 200—400 um
% porosity 20
Pirue (kg/m?) 5200
py (mol CuO/m?) 43852
BET surface area (m?/g) 33
pellet
d (m) 2.5 %1073
h (m) 2% 1073
weight oxidized (kg) 50 x 107
Py (mol CuO/m) 42922

means of the Brunauer, Emmett, and Teller equation which was
applied to the adsorption isotherm. Materials density was
determined with a He picnometer AccuPyc II 1340 by
measuring the amount of He displaced by the sample. X-ray
powder diffraction (XRD) was used to carry out the
determination of the crystalline chemical species in a Bruker
AXSDS8 equipped with monochromatic beam diffracted graph-
ite. Temperature-programmed reduction (TPR) tests were
carried out in an AutoChemIl Micromeritics equipment to
assess the reversibility of the species present in the solid. The
solid was heated in a 10% H,/Ar flow from 328 to 1273 K at 10
K/min. Scanning electron microscopy (SEM) using a Hitachi
S-3400 N was applied to some samples in order to determine
the morphology of the particles, and also energy dispersive X-
ray (EDX) analysis was carried out to estimate the element
distribution in the solid. With this purpose, some samples
(particles and pellets) have been cross cut to analyze their
cross-section. The content of active Cu in the material after
every impregnation was determined via repetitive oxidation/
reduction tests in the thermogravimetric analyzer (CI
Electronics Ltd.), with 10 vol % H, as the reducing agent at
1073 K. This equipment was also employed to accomplish the
kinetic study. This equipment consists of two concentrically
quartz tubes located inside a furnace. The samples were
introduced in a platinum basket placed at the bottom.
Preliminary tests varying the gas flow in the reactor and mass
sample in the platinum basket were carried out to avoid
resistance to external gas diffusion or interparticle diffusion and
to ensure the kinetic control during the determination of the
kinetic parameters. Around 6.5 mg of particles or SO mg (one
individual pellet) of the Cu60 material were loaded in the
platinum basket in every test. A stream of 4.75 cm®/s STP of
reacting gas was fed in at the top of the reactor, after being
preheated by flowing through the external reactor tube along
the furnace. CuO reduction kinetics was determined for
streams containing diluted CH,, H,, and CO and also mixtures
containing both H, and CO. The effect of temperature (from
823 to 1123 K) and reacting gas partial pressure (up to SO vol
%) on reduction reaction rates was analyzed. For the
experiments with CH,, around 20 vol % steam in the reaction
atmosphere was introduced to avoid carbon deposition on the
solid. Reaction temperature and gas composition were
maintained constant in each test. Successive reduction/
oxidation cycles were carried out in order to ensure the
consistency of the kinetics results, consisting each cycle of a

dx.doi.org/10.1021/ie3012598 | Ind. Eng. Chem. Res. 2013, 52, 1481—1490
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reduction stage at set temperature and gas composition, 1 min
of inert N,, and an oxidation stage at 10 vol % O, in N,.
Characterization of Cu-based Materials. The evolution

of the Cu content in the material with the number of
impregnations is shown in Figure 3. As it can be seen, six
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Figure 3. BET solid surface area (m*/g) and weight percent Cu in the
reduced solid vs the number of impregnations.

impregnations were necessary to achieve the approximately 60
wt % of Cu in the solid (named from now Cu60 sample).This
figure also shows the reduction of BET surface area that
presents the material with increasing the Cu content. As it can
be observed, there has been a significant fall of the BET area
from 24 m?/g measured to the @-alumina support, to the final 3
m?/g that presents the Cu-based material after six impregna-
tions. The low values observed after the successive impregna-
tions are in agreement with the values reported in the literature
for materials presenting a high load of Cu0O.>

This reduction in surface area may be caused by the
progressive filling of the pore volume available in the a-alumina
support that presents a bimodal distribution as it can be seen in
Figure 4, with an important fraction of pore volume below 20
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Figure 4. Pore size distribution vs pore radius for the a-Al,O; support
and the Cu60 particles.

nm diameters and a second important fraction of pores below
200 nm. Consequently, the pore size distribution of the
impregnated material Cu60 shows that the porosity below 20
nm has disappeared, and the volume of pores below 200 nm
has been significantly reduced. However, there is a fraction of
pore volume in this material in the range of 1000—2000 nm
that might be related to voidage associated to the deposition of
CuO on multilayers on the surface of the particles.

The SEM and EDX analysis carried out to the samples
loaded with 36.5 and 60 wt % of Cu (in the reduced solid)
showed that there is Cu allocated across the whole particle, but
especially in the inner core of the particle, which confirms the
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progressive filling of the pore network of the alumina support.
The light areas correspond to the presence of Cu, and the dark
gray zones indicate the presence of Al (Figure S).

The calcination temperature may affect the structure of the
solid and its reactivity and/or the chemical stability might be
altered. Therefore, the effect of this variable was studied on the
sample with a 36.5 wt % Cu. A batch of this solid was divided
into four samples, and each one was calcined for 1 h in air in a
muflle oven at 1148, 1173, 1198, and 1223 K, respectively, in
order to evaluate the effect of the final calcination temperature
on the solid structure. The crystalline structures of the resulting
samples were identified by X-ray powder diffraction (XRD).
The diffraction patterns, represented in Figure 6, showed that
the CuO and a-Al,O; were the species present in the samples
calcined at 1148 and 1173 K. However, there was an increasing
presence of CuAl,O, in the samples calcined at the highest
temperatures tested (1198 and 1223 K).

These results were corroborated via temperature pro-
grammed reduction of the samples, as it can be seen in Figure
7. The samples calcined at temperatures below 1198 K showed
a unique peak between 450 and 550 K, which is attributed to
the consumption of H, at the typical bulk CuO reduction
temperatures.32 For calcination temperatures of 1198 K or
higher, the presence of a second peak due to consumption of
H, between 625 and 710 K indicates the presence of CuAlL,O,
in the samples.®” This second reduction peak corresponding to
the reduction of copper aluminates corroborates the reversible
character of these species.”®

Both XRD analysis and TPR results corroborate, as it is
reported in the literature, that for a given Cu content in the
sample, higher calcination temperatures result in an increasing
presence of aluminum spinel species.”®*** A batch of Cu60
was calcined at 1148 K in order to minimize the formation of
aluminum spinel species in the solid considered for the kinetic
study. However, XRD analysis made to Cu60 still showed a
relative small amount of CuAl,O, crystalline specie, which
indicates that materials with high Cu contents require lower
calcination temperature in order to avoid the interaction of
CuO with the support. In view of these results, the upper limit
for the Cu60 solid, object of the kinetic study, during oxidation
and reduction of the solid will be 1123 K. Table 1 shows the
main characteristics of Cu60, which presents a considerably
high oxygen transport capacity (OTC) of 13.2%, calculated
according to eq 2, with respect to the 20% OTC that pure CuO
would theoretically present:

OTC = 100 X (m,, — (2)
Where m,, is the weight of the material completely oxidized
and m,.q is the weight of material completely reduced.

mred) /mox

B RESULTS AND DISCUSSION

Solid Chemical Stability. To prove the stability of the
Cu60 material, 100 reduction/oxidation cycles have been
carried out in the TGA apparatus described in the Experimental
Section. Results indicated that solid oxygen transport capacity
(OTC) was stable during the experimental campaign and total
conversion in each reduction/oxidation cycle was achieved,
which demonstrates the high chemical stability of the synthetic
material tested. Figure 8 shows the oxidation (left) and
reduction (right) conversion curves for cycles 10, 50, and 100
which were carried out at 1123 K and 15 vol % O, for the
oxidation, and 50% H, in N, for the reduction reaction.
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Figure 5. SEM images and EDX analysis of the Cu-material 36.5 wt % Cu (left) and 60 wt % Cu (right).
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Figure 6. X-ray diffraction analysis of four samples of the 36.5 wt % Cu
material, calcined at 1148, 1173, 1198, and 1223 K, respectively.
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Figure 7. Consumption of H, in a temperature programmed reduction
(TPR) for the batchs of Cu-based material, 36.5 wt % Cu, calcined at
temperatures between 1148 and 1223 K.

Determination of Kinetic Parameters. The kinetic study
carried out in this paper is focused on the determination of the
kinetic parameters that govern the reduction reactions involved
in the stage C of the Ca/Cu chemical loop process (Figure 1),
under the operating conditions of temperature and reaction
atmosphere that allow its optimal performance.'> The
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Figure 8. Oxydation and reduction conversion curves of the Cu60
material, carried out at 1123 K, under 15 vol % O, for the oxidation,
and 50 vol % H, for the reduction.

exothermic reduction of CuO can be carried out by feeding
pure streams, or mixtures of mainly H, and CO. The Cu60
solid described in Table 1 has been the object of the kinetic
study carried out in this work, and it was presented in two types
of solids: Cu60 particles with 300 gm mean particle diameter
and Cu60 pellet of 2.5 mm diameter.

Figures 9 and 10 show the effect of temperature on Cu60
reduction rates, particles, and pellet, respectively. For the range
of temperatures studied, 873—1023 K, the reaction is fast and
the conversion of the solid was complete for all the three gases
employed (H,, CO, and CH,). These experiments have been
carried out at a relatively low reacting gas partial pressure (S vol
% CH,, H,, and CO for the Cu60 particles and 3 vol % H,, S
vol % CO, and 15% CH, for the Cu60 pellet, in N,) to slow
down the reaction, and therefore allowing for a better
determination of the intrinsic kinetic parameters.

The reduction rate of CuO with H, and CO presents a low
dependence with temperature, whereas reduction rate with
CH, shows a stronger variation with temperature, which may
indicate higher activation energy for the reaction. The slope of
the conversion curves in Figures 9 and 10 is almost constant up
to solid conversions of 0.8 especially for reductions carried out
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Figure 10. Effect of temperature on Cu60 pellets reduction conversion curves: (left) under 3 vol % H,; (center) under 15 vol % CH,, (right) under

Svol % CO in N,.

with H, or CO. In contrast, the shape of reduction curve with
CH, at the lowest temperature evaluated might indicate that
the diffusion resistance of the gas to the interior of the particle
plays a role at temperatures below 923 K. The conversion
curves show that at 1073 K, which is a feasible operation
temperature in the Ca/Cu looping process, the material reacts
faster with H, than CH,, and CO is the slowest reacting gas, in
agreement with previous results reported in the litera-
ture 27,3334

Figure 11 includes a cross-section photograph of three
different pellets that present a different conversion level in

Figure 11. Cross-section photograph of (left) oxidized pellet, (center)
half reduced pellet, and (right) completely reduced pellet.

order to give an insight about the reaction pattern followed by
the Cu60 pellets. The pellet in the left is a completely oxidized
pellet, the pellet in the center is a half reduced pellet, and the
pellet on the right is a completely reduced pellet. In the half
reduced pellet there is a clear external rim of reduced material
with a reddish color with an inner core of black oxidized solid
that confirms the progress of the reaction front toward the
interior of the particle, resulting in an important amount of
material that do not react until the external layers are
converted. In this way, the pellet seems to behave as nonporous
solid with a clear interphase for the reduction reaction which is
determined by an intense diffusion resistance in the limiting
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layer of nonreacted material. In contrast, once the solid has
reacted, it leaves behind a highly porous material (50% porosity
according to Hg porosimetry) that does not result in resistance
to gas diffusion toward the unreacted core. This would explain
the linear slope in conversion curves showed in Figures 9 and
10 that might indicate that the reaction could be described as
chemically controlled.

To investigate the effect of gas composition on reaction rates,
for the different reducing gases (H, CO, and CH,), several
reduction—oxidation cycles have been carried out at 1073 K,
employing different concentrations (between 3 and 50%) for
each reducing gas. The reduction conversion curves of the solid
are represented in Figures 12 and 13 for the particles and
pellets, respectively.

As can be seen in Figure 13, the time to achieve complete
conversion for the Cu60 pellets is about 5—6 times the
complete conversion time of the particles. These pellets show a
CuO molar density rather similar to the CuO molar density
reported for the particles that form the pellet; this might
indicate that due to the preparation method the interparticle
porosity of the oxidized pellet is relatively low.

Different gas—solid reaction models such as the changing
grains size model (CGSM), the shrinking core model (SCM),
nucleation models, and advanced numerical models have been
reported in the literature to describe successfully the evolution
the conversion with time of Cu-based materials and the effect
of temperature and gas composition on reaction rates.’®2733736
As mentioned above, materials loaded with high percentage of
Cu have low surface area and porosity due to the progressive
filling of pore volume of the support. For this reason, a
shrinking core model (SCM) at particle level, first proposed by
Yagi and Kunii,*® which is able to describe situations of high
resistance to gas diffusion to the unreacted particle could be
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Figure 13. Effect of gas concentration on Cu60 pellet conversion curves, reaction temperature 1073 K. Experimental results are represented by

symbols, and kinetic model results are represented by lines.

suitable to describe the experimental results obtained in this
work. Two different geometries have been considered for the
two types of solid evaluated.

A plate-like geometryzg’34 has been considered for the Cu60
particles, 200—400 pm particle diameter, where the conversion
of the solid, X .4, according to the kinetic model under chemical
reaction control can be represented as:

t

Xred (3)

T

where 7 represents the time required to achieve complete
conversion of the solid (i = CH,, CO, or H,):

_ Al
Y bkCl

isigi

4)

In eq 4, L represents the particle radius (cm), p,, represents the
molar density of CuO in the particle (mol/cm?), b represents
the stoichiometric coeflicient of the CuO reduction reactions
with the different gases tested, C,; represents the reducing gas
concentration (mol/cm?) for gas i, k is the reaction kinetic
constant for gas i, and n is the reaction order for the different
gases.

Cylindrical geometry has been considered for the Cu60
pellets (cylindrical shape and 2.5 mm diameter), and therefore,
eq S describes the evolution of solid conversion with time, for a
given set of conditions (reacting gas concentration, temper-
ature) included in the parameter 7 (see eq 4). T represents the
time required to achieve complete conversion of the solid, but
this time L represents the pellet radius and p;, the molar density
of CuO in the pellet.
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Reaction time versus the right-hand term in eqs 3 and S was
represented in order to prove the suitability of the proposed
model (SCM model at particle level under kinetic control) to
fit the experimental results. The case showed in Figure 14
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Figure 14. Representation of reaction time (s) versus solid reduction
conversion according to eqs 3 and S: (left) Cu60 particles, (right)
Cu60 pellet, both reduced at 1023 K under 5 vol % CO in N,.

corresponds to a reduction carried out at 1023 K in 5 vol % CO
in N, for particles (left) and pellet (right). As it can be seen,
the experimental data present a linear trend with constant slope
and can be well-represented by eq 3 for the case of particles and
eq S for the case of the pellet. From the slope of the curves 7
has been determined, being 120.9 s in the case of the particles
and 531.7 s in the case of the pellet.

Once the model has been proved to represent the
experimental results, the kinetic parameters n and k,, involved
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in eq 4, have been determined for the experiments carried out
with Cu60 particles. In first place, the reaction orders were
determined from the slope of the logarithmic representation of
(pyL/b7) vs C, plotted in Figure 15. They have been compiled

In(C,)

-15

‘ L6

L -8
L -10

/ k12

eH2 | .14

In( pyL/b1)

aCO ¢ -16

ACH4 [ -18

-20

Figure 15. Representation of In(p,L/b7) vs In(C,) to determine the
order of the CuO reduction reaction with H, CO, and CH,,
respectively.

Table 2. Kinetic Parameters for the CuO Reduction
Reaction with H,, CO, and CH,

Cu60 H, CcoO CH,
b 1 1 4
n 1 0.95 0.9
Ky (mol'™ cm®~2/s) 417 90 6002
E, (kJ/mol) 23.3 25.5 74.5

in Table 2 together with the rest of kinetic parameters for the
reactions studied. The reaction orders determined in this work
are close to 1 for the three gases (0.9 for CH,, 0.9S for CO, and
1 for H,), and although reaction orders are slightly higher
(especially for CH, and H,) than those reported in the
literature for oxygen carriers with a much lower Cu
content,”®** these are in close agreement with results presented
by different groups on the reduction kinetics of solids with high
CuO content.*”*?

The kinetic constants for the individual reactions have been
determined from the effect that reduction temperature has on
reaction rates (see Figure 9 for example), and they have been
described according to Arrhenius expressions, where k is the
pre-exponential factor and E, is the activation energy of the
reaction.

by = ke B/ 0D ©)
The activation energies determined for the reduction reactions
with CH,, CO, and H, are in close agreement with values
reported in the literature.**">%3%3%3” Figure 12 shows the
experimental results and the model predictions on the effect of
gas concentration on particles conversion curves. The
predictions of the kinetic model are a good representation of
the experimental results for the three gases, the wide range of
concentrations tested, and at the temperatures of interest for
the process.

To prove the intrinsic character of the kinetic parameters
determined, they have been included in eq 4 but adapted to the
pellet geometry. In this way, the combination of eqs 4 and 5
served to predict the evolution of the pellet conversion with
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time as function of temperature and the partial pressure of the
gas. The results predicted by the model represent fairly well the
experimental data obtained in the TGA. Both experimental and
model predictions are represented in Figure 13.

Finally, three series of reduction/oxidation tests with
mixtures of CO and H, were carried out with the Cu60 pellets
in order to investigate the effect of the presence of both gases in
reaction atmosphere. Table 3 includes the composition of the

Table 3. Gas Composition for the Series of Tests Including
Mixtures of CO + H,

vol % H, CcO CO, N, 7H, (s) 7CO (s)
a 20 S S 70 77 979
S 15 30 50 328 169
[ S 30 N 10 328 333

series (a, b, and ¢) and also includes the 7 associated to the
individual gases. 7 has been calculated introducing the kinetic
parameters k, and E, from Table 2, in eq 6 calculated at 1073 K,
and including the k; calculated together with gas composition
and temperature in eq 4. For example, according to the gas
composition in part a, 77 s are required to achieve complete
conversion of the solid according only to the 20 vol % H,; on
the other hand, 979 s would be necessary to achieve complete
conversion of the particle in the presence of only 5 vol % CO.
On view of the values of 7, the gas composition in series a
results in a faster reaction with H, than CO, series b
composition results in a faster reaction rate for CO, and
finally, both gases react with similar rate for composition c.
Figure 16 shows the experimental results together with
model predictions. To simulate the theoretical curve it has been
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Figure 16. Experimental results (symbols) and model predictions
(line) on pellet reduction conversion vs time for the gas compositions
present in Table 3: reduction temperature 1073 K.

assumed that the reactivity of the pellet in the gas mixture is the
sum of reactivities of each gas separately, as it has been proved
by Abad et al.*’ In this case, the time to achieve complete
conversion of the solid in the experiments with gas mixtures,
Toiw Was calculated according to eq 7 taking into account the 7
that would be necessary to achieve complete conversion of the
solid in presence only of one of the gaseous species (compiled
in Table 3).

1
e
_ + i
(THZ Tco) (7)

The assumption in eq 7, which considers that both reactions
(reduction with H, and CO) take place simultaneously and that
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the reaction rate is “additive”, is correct as it can be seen in
Figure 16. No matter which of both reactions is favored by
kinetics, the conversion curve of the solid is represented by the
sum of both contributions to the reaction.

B CONCLUSIONS

A Cu-based material with a 60 wt % Cu in the reduced material
has been synthesized by repetitive impregnation of an inert
alumina support. Textural analysis of the solids after the
consecutive impregnations showed a dramatic decrease in BET
solid surface area and in solid porosity. The EDX analysis
showed that the Cu is well-distributed across the inert support
and that there has been a progressive filling of the pore volume
of the support. The effect that the final calcination temperature
of the solid had on its structure was determined by XRD; this
analysis revealed that calcination temperatures over 1148 K led
to the formation of spinel species. The material has been
successfully pelletized. The kinetic parameters for the reduction
reactions of the Cu-based material with H,, CO, and CH, were
determined, and a shrinking core model at particle level was
successfully applied to fit the experimental data considering
plate-like geometry for the powdered material and cylindrical
geometry for the pellet particles. The kinetic parameters
determined (in terms of reaction order and activation energy)
are in close agreement with those reported in the literature.
The effect of mixtures of CO and H, on reaction kinetics has
been also evaluated, concluding that the presence of both
species have an additive effect of reaction rate. From the point
of view of process design future work has to be oriented to
improve the characteristics of the pellet to increase the porosity
of the pellet allowing for better diffusion of the gas to the
interior of the pellet.
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Apéndice 1. Modelo de reactor de carbonataciéon

En la figura Al.1 se representa la secuencia de calculo seguida para el cilculo de la
conversion carbonatacion (X) y de la eficacia de captura de CO, en el carbonatador (E,).

En el cédigo se denomina E_, a dicha eficacia de captura de CO, en el carbonatador.

carb

[ Fo, Fca: Fcoz, Weao, T ]
R —— Sor Lo € ko, Eoy Do, Eap /

fcarb =fcarb_i

fcarb_iz(xave'o'os)/xave

}

Calculo de las propiedades del sélido
Saver Xkdiavev Lave, W, ks, D, Z

¥

f,

3

fcarb'fcarb_i <
0.01

E

carb
Y

X1, X2, X f=f,+0.001

Ecarb'Ecarb_i <

FIN 0.01

Figura Al.1. Secuencia de calculo de la conversion de carbonatacién segiin el modelo de reactor

propuesto

Como se ha comentado en la seccién 3.2.1, se utilizd una adaptacion del modelo cinético
propuesto por Bathia y Perlmutter (Bhatia and Perlmutter, 1983) adaptado por Grasa y
cols. para particulas de CaO que han sido sometidas a mdaltiples ciclos de
carbonatacién/calcinacién (Grasa et al, 2009). Este modelo cinético contempla una
primera etapa de reaccion rapida controlada por la reaccién quimica y una segunda etapa de
reaccién mas lenta en la que predomina el control de la difusion del CO, a través de la capa
de CaCO; formado. La forma de calcular X es analoga a la propuesta en modelo de

calcinacion descrito en la seccion 3.2.3.2: se considera una fraccioén de solidos f,, que tienen
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un tiempo de residencia inferior o igual a tgp,. y cuya velocidad de reaccion estd
controlada exclusivamente por la cinética, y el resto de los sélidos (1-f,) reaccionan en
control cinético mas difusional. Asi pues, la conversion X vendra dada por la suma de la
conversion de los sélidos con un tiempo de residencia inferior a ty p, .. (denominada X1 en
el codigo en Visual Basic) y la conversién de los soélidos con un tiempo de residencia
supetior a ty .. (X2 en el codigo en Visual Basic). X1 y X2 se calculan resolviendo las
respectivas integrales, al igual que en se explica en la Publicacion 117 correspondiente al
modelo de calcinacion. Una vez se conoce un valor para X, se recalcula un nuevo valor de
E

que se compara con el valor inicial considerado de E_, hasta que dos valores

carb_i carb

consecutivos de E_, sean similares (se considera un error relativo de 0.001). Este
procedimiento iterativo se repite para distintos valores de fa, que toma un valor inicial de O

y se va incrementando 0.001 en cada repeticion del bucle.

A continuacion en las siguientes paginas se recoge el codigo en lenguaje Visual Basic tal y
como se introdujo en la herramienta de simulacion User Unir Operation’ en Aspen Hysys.
En este codigo se introducen comentarios (texto en color verde) con el fin de que resulte
mas sencillo seguir la secuencia de calculo. Como se puede apreciar el cédigo tiene dos
bloques. El primer bloque denominado Initialize sirve para definir las corrientes que van a
estar activas en esta unidad y aquellas que no van a emplearse. El segundo bloque llamado
Execute es el que recoge todo el procedimiento de calculo de las propiedades de las

corrientes de salida del carbonatador siguiendo la secuencia de calculo de la figura A1.1.
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Sub Initialize()
ActiveObject.FeedslName = '‘gases caldera"
ActiveObject.ProductslName = '‘gas limpio"
ActiveObject.Feeds2Name = "solido in"
ActiveObject.Feeds2Active=True
ActiveObject.Products2Name = "solido out™
ActiveObject.Products2Active =True

ActiveObject_EnergyFeedsName = "Inactive Energy In"

ActiveObject.EnergyFeedsActive = False

ActiveObject.EnergyProductsName = *Qcarbonatador™

ActiveObject.EnergyProductsActive = True
End Sub

Sub Execute()
On Error GoTo EarlyExit

Dim gas_in As Object
Set gas_in=ActiveObject.Feedsl. Item(0)
IT gas_in Is Nothing Then GoTo EarlyExit

Dim reciclo As Object
Set reciclo=ActiveObject.Feeds2. I1tem(0)
IT reciclo Is Nothing Then GoTo EarlyExit

Dim gas_out As Object
Set gas_out=ActiveObject.Productsl. Item(0)
IT gas_out Is Nothing Then GoTo EarlyExit

Dim solid_out As Object
Set solid _out=ActiveObject.Products2. Item(0)
IT solid out Is Nothing Then GoTo EarlyExit

Dim Qcarbonatador As Object

Set Qcarbonator=ActiveObject.EnergyProducts. Item(0)

IT Qcarbonator Is Nothing Then GoTo EarlyExit

Dim theComps As Object

Set theComps=ActiveObject.Flowsheet.FluidPackage.Components

CO2Posn=theComps. index(*'C02'")
SO2Posn=thecomps. index(*'S02™")
02Posn=thecomps. index("*oxygen'")
N2Posn=thecomps. index(*'nitrogen™)
H20Posn=thecomps. index("'"H20™)
CaOPosn=thecomps. index("'Ca0*'")
CaCO3Posn=thecomps. index("'CaC03*'")
CaSO4Posn=thecomps. index("'CaS04*'")
AshPosn=thecomps. index(*'Ash*'")
OMcalcinerPosn=thecomps. index("'OM calciner*")
OMboi lerPosn=thecomps. index("'OM boiler*")
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Dim CMFgi As Variant

CMFgi=gas_in.ComponentMolarFractionValue

TCO02=CMFgi (CO2Posn)

£S02=CMFgi (S02Posn)
TO02=CMFgi1 (02Posn)
TH20=CMFgi (H20Posn)
TN2=CMFgi (N2Posn)

Tgi_celsius=gas_in.TemperatureValue
Tgi=Tgi_celsius+273
Fgi=gas_in_MolarFlowValue
Pg=gas_in.PressureValue

Dim CMFsi As Variant
CMFsi=reciclo.ComponentMolarFlowValue
fcao_rec=CMFsi(CaOPosn)

mfash=CMFsi (AshPosn)
mFfOMcalciner=CMFsi (OMcalcinerPosn)
mfOMboi ler=CMFsi (OMboilerPosn)
mfCaS04_rec=CMFsi (CaSO4Posn)

Tsi_celsius=reciclo.TemperatureValue
Tsi=Tsi_celsius+273
Fsi=reciclo.MolarFlowValue

d_Ca0=3300
PM_Ca0=56

d_CaC03=2740
PM_CaC03=100

V_CaC03=1/(d_CaC03/PM_CaC03)
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V_Ca0=1/(d_Ca0/PM_Ca0) *(m3/kmol)

"Temperatura de operacion del carbonatador.
"Aunque a HYSIS habra que darsela en ©C, en las ecuaciones en
las que aparece T sus unidades son ©K, por eso se trabaja con
923°K.

T=650+273 " (“K)

"Propiedades del gas efluente de la caldera (Gases caldera).
Fgas=Fgi *(kmol/s) Flujo molar del gas.

F_CO2=Fgas*fC02 *(kmol/s) Flujo molar de CO2 que entra al
carbonatador .

d fg=Pg/(8.314*T) " (kmol/m3) Densidad molar del gas que entra
al carbonatador. Se calcula a 650°C porque al ser un lecho
fluidizado el gas alcanzard la temperatura final de 650°C
practicamente desde su entrada al reactor.

Q=Fgas*22.4*(T/273) "(m3/s) Caudal volumetrico entrada del
carbonatador .

"Se crean las variables FO y FCaO necesarias en el modelo de
reactor con los flujos molares anteriores.

"El parametro 0,1 es el ratio FO/FC02 y se modificé en cada caso

segun las condiciones de operacién escogidas.

FO=0.1*F CO2 =(kmol/s) Flujo molar de CaC03 fresco que entra a
calcinador

FCa=fcao_rec"(kmol/s) Flujo molar de Ca0 que entra al
carbonatador proveniente del calcinador

"Inventario de CaO en el carbonatador. En cada caso se modifico

este dato segun cual fueran las condiciones de operacion
escogidas.
W_Ca0=90000 " (ko)

"Tiempo de residencia del CaO en el carbonatador a partir del
inventario establecido
tau=W_Ca0/(PM_CaO*FCa) "(s)

"Calculamos Xave empleando la expresion de Rodriguez et al.
(2010) que tiene en cuenta que la carbonatacién no es completa
(fcarb distinto de 1) y la calcinacion completa (fcalc=1)

fcarb=0.5
al=0.1045
£1=0.9822
a2=0.7786
£2=0.7905
b=0.07709
fcarb_i=0

While Abs(fcarb-fcarb_i)>0.01

Xave=(al*f1"2*F0)/(FO+FCa*fcarb*(1-
1)) +(a2*f2"2*F0)/ (FO+FCa*fcarb*(1-f2))+b
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Xhipo=Xave-0.05 "Se asume una diferencia de 5 puntos
porcentuales entre Xave y Xcarb con el fin de calcular un valor
de fcarb que permita calcular Xave

fcarb_i=Xhipo/Xave

fcarb=Ffcarb_i

Wend

"En el célculo de Xave se toma el ratio FO/FCO2 en referencia a
la caliza introducida Unicamente para capturar el C02, sin tener
en cuenta la caliza adicional introducida por el SO2.

"Superficie media maxima de reaccion de las particulas de CaO
del sistema
Save=(Xave*d_Ca0/PM_Ca0)/(0.00000005*d_CaC03/PM_CaC03) "(m2/m3)
En el calculo de Save hay que emplear el espesor maximo de la
capa de caCo3 formada sobre el Ca0 que es de 50nm.

Xkd_ave=Save*PM_Ca0*0.000000038/ (V_CaC03*d_Ca0)

"Calculamos cte_1 que es el término constante de la velocidad de
reaccion en control cinético que multiplica a la concentracion
media de CO2 en el reactor

"Caracteristicas estructurales para la caliza empleada
S0=35000000 "(m2/m3) superficie inicial de reaccién por unidad
de volumen

LO=263000000000000 “(m/m3) Longitud mnicial total de poro por
unidad de volumen

Lave=L0*Xave *Simplificacion, se toma un valor de dpN/dpO=1 a
pesar de que este valor es cierto para particulas muy poco
cicladas.

eps=0.46 “Porosidad

Fi1=4*3.14159*Lave*(1-eps)/(Saven2) "“parametro estructural que
tiene en cuenta la estructura interna de la particula

"Este parametro tiene que calcularse a partir de Save y Lave
porque se tiene un sélido con unas caracteristicas estructurales
medias, no con SO y LO.

"Dependencia de la constante de velocidad de reaccion
superficial con la temperatura
ks=0.00000529*Exp(-19200/(8.314*T)) "m4/kmol.s

"La constante cte_1 es el término que multiplica a la
concentracion media de CO2 en la ecuacién de la velocidad de
carbonatacioéon en la primera etapa de control cinético
cte_l=ks*Save*(1-Xkd_ave)*((1-fi*Log(1l-Xkd_ave))™(1/2))/(1-eps)

"LA CTE_2 SE CALCULA DESPUES CUANDO SE TOMA UN PRIMER VALOR DE
ECARB PARA COMENZAR A ITERAR

"Calculamos la fraccion de CO2 en el equilibrio

P=1 "(atm) Presion en el carbonatador
fe=(10"(7.079-8308/T))/P "(-) Expresion Barker 1973
"INICIO DEL PROCESO ITERATIVO
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D=0.00000432*Exp (-163000/(8.314*T))

Z=1+d_Ca0*(V_CaC03-V_Ca0)/PM_Ca0

Ecarb_eq=(fC02-fe)/1C02
Ecarb_max=FCa*Xave/F_C02

IT Ecarb_eqg>Ecarb_max Then Ecarb_ref=Ecarb_max Else

Ecarb_ref=Ecarb_eq

fa=0

Check=True
Do
Do While fa<l
fa=fa+0.001
X2=Xkd_ave

Do Whille X2<Xave

Ecarb=0.005

C=d_fg*Ecarb/ ((fCO2*(fCO02-1)/ ((FCO2*fe-
C02)"2))*Log(((FCO2-fe)+(FCO2*Fe-FCO2)*Ecarb)/ (fC02-fe))-
FCO2*Ecarb/ (FCO2*fe-FC02))

Dp=PM_Ca0*D*C/d_CaO
beta=2*ks*d_Ca0*(1-eps)/(PM_CaO*Dp*Save)

cte_2=ks*Save*(1-1*X2)*((1-Fi*Log(1-1*X2))(1/2))/((1-
eps)*(1+(beta*Z/Fi)*((1-Fi*Log(1-1*X2))*(1/2)-1)))

T1=F _C02*PM_CaO/(d_fg*W_CaO*(fa*cte_1l+(1l-fa)*cte_2))
T2=(FCO2*(FfC02-1)/ ((FCO2*Fe-TC02)"2))*Log(((FCO2-
Te)+(FCO2*fe-FCO02)*Ecarb)/ (fCO2-Fe))-FCO2*Ecarb/ (fCO2*fe-
£C02)
G=T1*T2-1

While Ecarb<Ecarb_ref And G<O

Ecarb=Ecarb+0.001

C=d_fg*Ecarb/ ((fCO2*(fC02-1)/ ((fCO2*fe-
TC02)"2))*Log(((FCO2-Fe)+(FCO2*Fe-TCO2)*Ecarb)/ (fCO2-fe))-
TCO2*Ecarb/ (fCO2*fe-TC02))

Dp=PM_Ca0*D*C/d_CaO

beta=2*ks*d_CaO0*(1-eps)/(PM_CaO*Dp*Save)
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cte 2=ks*Save*(1-1*X2)*((1-Fi*Log(1-
1*X2))™N(172))/ ((1-eps)*(A+(beta*zZ/Fi)*((1-Fi*Log(1-1*X2))~(1/2)-

1))
T1=F_CO02*PM_Ca0/(d_fg*W_CaO*(fa*cte_l+(1-fa)*cte_2))

T2=(fCO2*(FCO02-1)/ ((FCO2*fe-FC02)"2))*Log(((FCO2-
fe)+(FCO2*fe-TCO2)*Ecarb)/ (FCO2-fe))-FCO2*Ecarb/ (fCO2*fe-TCO2)

G=T1*T2-1

IT Abs(Ecarb-ecarb_eq)<0.001 Then
Check=False

Exit Do

End IT

Wend

X1=(cte_1*C/fa)*tau*(1-(1-fa)*(Log(l/(1-fa))+1))

cte_2=ks*Save*(1-1*X2)*((1-Fi*Log(1-1*X2))™(1/2))/((1-
eps)*(1+(beta*z/Fi)*((1-Fi*Log(1-1*X2))"(1/2)-1)))

r2=cte_2*C
X2_ave=Xkd_ave+(r2*tau*(Log(1/(1-fa))+1))
Ecarb_i=FCa*(X1*fat+X2_ave*(1-fa))/F_C02
IT Abs(Ecarb-Ecarb_1)<0.01 Then
Check=False
Exit Do
End If
X2=X2+0.01

Loop

IT Check=False Then Exit Do

Loop

Loop Until Check=False

IT Abs(Ecarb-ecarb_eq)<0.001 Then

X=Ecarb_eqg*F_C02/FCa

Else

X=X1*fa+X2_ave*(1-fa)
End If

296



Dim CMFso As Variant
CMFso=solid_out.ComponentMolarFlowVvalue

mfCaCO3=FCa*X
mfCaS04=Fgas*fS02+mfCaS04_rec

mfCa0=(FCa-mfCaCO03-Fgas*fS02)

Fso=mfCaCO03+mfCaO0+mFCaSO4+mFash

CMFso(AshPosn)=mfash
CMFso(OMcalcinerPosn)=mfOMcalciner
CMFso(OMboi lerPosn)=mfOMboiler
CMFso(CaC03Posn)=mfCaC03
CMFso(CaOPosn)=mfCa0
CMFso(CaS04Posn)=mfCaS04

solid_out.ComponentMolarFlow.Calculate(CMFso)
solid out.MolarFlow.Calculate(Fso)

solid out.Pressure.Calculate(gas_in.PressureValue)

solid_out.Temperature.Calculate(650)

Dim CMFgo As Variant
CMFgo=gas_in.ComponentMolarFlowValue
mFCO02=F_C02*(1-Ecarb)

m¥S02=0
mfO02=Fgas*f02-(Fgas*fS02*0.5)

CMFgo(CO2Posn)=mTC02
CMFgo(S02Posn)=mfS02
CMFgo(02Posn)=mf02

Fgo=(Fgas-F_CO2*Ecarb-Fgas*fS02*1.5)

gas_out._ComponentMolarFlow.Calculate(CMFgo)
gas_out_MolarFlow.Calculate(Fgo)
gas_out_Pressure._Calculate(gas_in.PressureValue)
gas_out.Temperature.Calculate(650)

HS02=-70940*4.184/64
HC02=-94052*4.184/44
HH20=-57797.9*4.184/18
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HCa0=-151700*4.184/56
HCaC03=-289500*4.184/100
Hash=-203350*4.184/60
HCaS04=-338730*4.184/136

CpS02gi=0.50338*(Tgi-298)+(3.464875e-4/2)*(TgiN2-298"2) -
(5-42612e-8/3)*(Tgi”~3-298"3)
CpC02gi=0.98324*(Tgi-298)+(2.60549e-4/2)*(TgiN2-
29872)+(18590.27)*(1/Tgi-1/298)
CpH20gi1=1.9107*(Tgi-298)+(3.4867e-5/2)*(Tgi"2-298"2)+(3.1147e-
7/3)*(Tgi~3-298"3)
Cp02gi=1.0813*(Tgi-298)+(3.3733e-5/2)*(TgiN2-
29872)+(245417.75)*(1/Tgi-1/298)
CpN2gi1=0.97128*(Tgi-298)+(1.49428e-4/2)*(Tgi~2-298"2)
CpCalsi1=0.845198*(Tsi-298)+(1.068e-4/2)*(Tsi"2-298"2)
CpCaC03si1=0.926122*(Tsi1-298)+(3.14911e-4/2)*(TsiN2-298"2)
Cpashsi=1.32088*(Tsi-298)
CpCaS04si=0.554429*(Tsi-298)+(6.86429e-4/2)*(TsiN2-298"2)

HS02gi1=(HS02+CpS02gi)*64*Fgas*fS02
HCO2gi=(HCO2+CpC02gi)*44*F_C02
HH20g 1=(HH20+CpH20gi)*18*Fgas*fH20
HN2gi=(CpN2gi1)*28*Fgas*fN2
HO2gi=(Cp02gi1)*32*Fgas*f02

HCaOsi=(HCaO+CpCalsi)*56*fcao_rec
Hashsi=(Hash+Cpashsi)*60*mfash
HCaS04si=(HCaS04+CpCaS04si)*136*mfCaS04_rec

Hentrada=HSO2gi+HCO2gi+HH20gi+HN2gi+HO2gi+HCaOsi+Hashsi+HCaS04si

Tgo=923
Ts0=923

CpS02go=0.50338*(Tgo-298)+(3.464875e-4/2)*(TgoN2-298"2) -
(5.42612e-8/3)*(Tgo"3-29813)
CpC02g0=0.98324*(Tgo-298)+(2.60549e-4/2)*(Tgo"2-
29872)+(18590.27)*(1/Tgo-1/298)
CpH20g0=1.9107*(Tgo-298)+(3.4867e-5/2)*(Tgo"2-298"2)+(3.1147e-
7/3)*(Tgo"3-298"3)
Cp02go=1.0813*(Tgo-298)+(3.3733e-5/2)*(Tgo"2-

29872)+(245417 .75)*(1/Tgo-1/298)
CpN2go=0.97128*(Tgo-298)+(1.49428e-4/2)*(Tgo"2-298"2)

CpCals0=0.845198*(Ts0-298)+(1.068e-4/2)*(TsoN2-298"2)
CpCaC03s0=0.926122*(Ts0-298)+(3.14911e-4/2)*(TsoN2-298"2)
Cpashso=1.32088*(Ts0-298)
CpCaS04s0=0.554429*(Ts0-298)+(6.86429e-4/2)*(TsoN2-298"2)

HS02go=(HS02+CpS02go)*64*mFS02
HCO2go=(HC02+CpC02g0)*44*m¥C02

298



HH20go=(HH20+CpH20go)*18*Fgas*fH20
HN2go=(CpN2go)*28*Fgas*fN2
HO2go=(Cp02g0)*32*mFO2
HCaOso=(HCaO+CpCalso0)*56*mFCal
Hashso=(Hash+Cpashso)*60*mfash
HCaS04so=(HCaS04+CpCaS04s0)*136*mfCaS04
HCaC03so=(HCaC03+CpCaC03s0)*100*mFCaCO03

Hsal 1da=HS02go+HC02go+HH20go+HN2go+H02go+HCa0so+Hashso+HCaS04so+
HCaC03so

Q=(-1)*(Hsalida-Hentrada)
Qcarbonator .HeatFlow.Calculate(Q)
ActiveObject._SolveComplete

Exit Sub

EarlyExit:

End Sub

299






Apéndice 2. Indices de impacto de las revistas

El indice de impacto incluido en la relacion de revistas del Journal of Citation Reports para las

revistas cientificas en las que se han publicado los articulos que componen esta Tesis

Doctoral se recoge a continuacion.

. Factor .
Revista impacto 2012 Ranking 2012
AIChE Journal 2.493 24/133 Chemical
Engineering
International Journal of Greenhouse Gas 4/42 Environmental
3.944 .
Control Engineering
Energy & Fuels 2.853 16/133 Chemical
Engineering
Chemical Engineering Journal 3.473 10/133. Ch§m1c31
Engineering
. 38/135 Physical
International Journal of Hydrogen Energy 3.548 Chemistry
. 6/133 Chemical
Applied Energy 4.781 Engineering
Industrial & Engineering Chemistry 30/133 Chemical
2.206 .
Research Engineering
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