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Gasificacion de biomasa mediante tecnologias de Chemical Looping para
produccién de gas de sintesis/H: sin emisiones de CO;

Ivan Samprén Alonso, Instituto de Carboquimica (ICB-CSIC)

Resumen

La gasificacion de biomasa mediante tecnologias Chemical Looping, o Biomass
Chemical Looping Gasification (BCLG), es una tecnologia novedosa para la produccién
de gas de sintesis (Hz y CO) no diluido con N3 y sin necesidad de usar O, puro o aporte
externo de energia. Adicionalmente, esta tecnologia ofrece la posibilidad de obtener
emisiones negativas de carbono, es decir, retirar CO; de la atmdsfera si el CO, formado
en el proceso es capturado y almacenado. El proceso BCLG se realiza en dos reactores
de lecho fluidizado interconectados, el reactor de reduccion y el reactor de oxidacion.
Entre estos reactores circula un transportador sélido de oxigeno, encargado de
transportar oxigeno y calor, evitando asi el contacto directo entre el aire y el
combustible. En el reactor de reduccidn tiene lugar la desvolatilizacion de la biomasa,
generando un residuo carbonoso que a su vez es gasificado por efecto del vapor de
agua y/o CO; introducido en el reactor como agente fluidizante. Parte de los volatiles y
productos de gasificacion reaccionan con el transportador de oxigeno reduciéndolo. A
continuacion, el transportador entra al reactor de oxidacidn, donde se reoxida con una
corriente de aire. Puesto que la reaccién de oxidacion es exotérmica, el transportador
de oxigeno eleva su temperatura de tal manera que en su regreso al reactor de
reduccion transporta el calor necesario para que tenga lugar la desvolatilizacion de la
biomasa y la gasificacidn del residuo carbonoso, reacciones endotérmicas.

En esta tesis se ha estudiado el proceso BCLG, evaluando en una planta piloto de 1.5
kW: el uso de tres transportadores de oxigeno con diferentes contenidos de Fe;03
sobre alimina y un transportador con un 14 % de CuO sobre alumina. Durante la
investigacion también se ha realizado un estudio para la mejora de la calidad y
cantidad del gas de sintesis y una optimizacion del proceso para determinar aquellas
condiciones que permiten la operacién en estado autotérmico.

Inicialmente se evalud en una planta piloto de 1.5 kW: un transportador de oxigeno
conocido por el grupo, con un contenido del 20 % en peso de Fe;03 sobre alimina y
posteriormente dos mas con un 10 % y 25 % de Fe;0s. Los tres transportadores
presentaron tendencias similares en los flujos molares de gas generado y en los
parametros de gasificacion cuando se varido la relacion oxigeno-combustible,
destacando una formacién importante de CHa. El aumento de la temperatura aumenté
la velocidad de gasificacion del carbono en el rector de reducciéon, aumentando asi la
produccién de gas de sintesis y la eficacia de captura de CO,, que alcanzé valores



superiores al 95 %. El aumento de la temperatura también tuvo un efecto significativo
sobre la reduccidn de alquitranes en todos los casos. La caracterizacion fisico-quimica
de los transportadores mostré que la resistencia mecdanica y quimica del transportador
disminuia con el tiempo de operacidon (numero de ciclos redox) pero aumentaba
cuanto menor era el contenido en Fe;0s en el transportador de oxigeno.

Para analizar con mas detalle el comportamiento de los transportadores de Fe/Al se
estudié en termobalanza la evolucidn de la degradacién de estos transportadores en
diferentes atmdsferas de reaccidn. Para ello se realizaron series de 300 ciclos redox
que simulaban una atmdsfera tipica de combustion, una de gasificacién y una
atmodsfera intermedia. Se observé que la atmédsfera reductora, el aumento de la
temperatura y del contenido en Fe;Os promovian la migracién de hierro hacia el
exterior de las particulas, creando una capa externa muy fragil que seria elutriada en
forma de finos en un lecho fluidizado.

Con el objetivo de aumentar la cantidad y calidad del gas de sintesis, se evalué la
actividad catalitica de varios transportadores de oxigeno (minerales, residuos vy
materiales sintéticos de Fe y de Cu) sobre la conversién de CHs y alquitranes. Los
experimentos con CHs se realizaron en un lecho fluidizado discontinuo, donde se
redujo el transportador con una composicién de gases similar a la obtenida en la
planta piloto y posteriormente se alimenté CHa. Se observé que los transportadores
minerales apenas tenian actividad catalitica, mientras que con los transportadores
sintéticos de Fe;03/Al,03 la conversion de CHs aumentaba con la temperatura. El
transportador con mayor capacidad de conversién de CH4 fue el compuesto por un 14
% de CuO sobre alumina, que alcanz6 un 85 % a 940 °C.

Los experimentos para determinar la actividad catalitica sobre la eliminacién de los
alquitranes se realizaron durante una estancia internacional en la Universidad
Tecnoldgica de Chalmers (Suecia). Se usé un lecho fluidizado discontinuo adaptado
para la alimentacidn de etileno y benceno y se hicieron pruebas a tres temperaturas
con transportadores de oxigeno minerales, sintéticos y un residuo. Se observd que a
baja temperatura los transportadores minerales y el residuo no presentaban actividad
catalitica en la conversién del etileno y era muy baja en la del benceno. Por el
contrario, los transportadores sintéticos de Fe;03/Al,03 mostraron una conversion de
etileno >85 % a todas las temperaturas estudiadas, mientras que la conversién de
benceno se mantuvo siempre >70 %. El transportador consistente en un 14 % de CuO
sobre alumina fue el que mostré una mayor conversién de etileno (>95 % a las tres
temperaturas) y alcanzé una conversion completa de benceno cuando la temperatura
fue superior a 900 °C. En este trabajo se observé que el CH4 actuaba como compuesto
intermedio en el craqueo/reformado de benceno y etileno.

En base a los resultados obtenidos en el estudio de la mejora de la calidad y cantidad
del gas de sintesis generado, se seleccionod el transportador de oxigeno con un 14 % de



CuO sobre alimina para la investigacion del proceso BCLG en la planta de 1.5 kW:. Se
evaluo el efecto de la relacién oxigeno-combustible y la temperatura de gasificacion
sobre los flujos molares de gases, los alquitranes y los principales pardmetros de
gasificaciéon. Se observd que este transportador generaba un gas con una
concentraciéon muy baja de CHa4, dando lugar a una mayor cantidad de gas de sintesis.
El aumento de la temperatura de gasificacion causé un aumento en el rendimiento a
gas de sintesis, alcanzado 1.14 Nm? por kg de biomasa seca a 920 °C para una relacién
oxigeno-combustible tipica de la operacién en estado autotérmico. Se observo,
ademas, que este transportador tenia un elevado efecto catalitico en la eliminacién de
alquitranes, reduciendo su concentracién hasta 0.35 g por kg de biomasa seca a 920
°C. La caracterizacion del transportador de oxigeno mostré una elevada resistencia
mecdnica y el mantenimiento de sus propiedades quimicas a lo largo de toda la
operacion. La vida media estimada de las particulas de este transportador de oxigeno
fue muy superior a la de cualquier otro propuesto previamente en la literatura para su
uso en BCLG.

Para completar el estudio, se realizd una optimizacidon del proceso BCLG mediante
balances de materia y energia, determinando aquellas condiciones que permiten la
operacion en estado autotérmico. Se analizaron los métodos de control de
transferencia de oxigeno entre reactores resultando que el método consistente en la
limitacion del oxigeno alimentado al reactor de oxidacién permitia la obtencidn de una
mayor cantidad de gas de sintesis y la operaciéon en un rango amplio de caudales de
circulacion de sdlidos. Se simuld el efecto de diferentes variables que afectan a los
balances de materia y energia destacando que, con el método de control basado en la
restriccion del oxigeno alimentado al reactor de oxidacién, cuanto mayor era la
temperatura de precalentamiento de los gases alimentados a los reactores mayor era
el rendimiento a gas de sintesis y que era posible operar con la misma relacién
oxigeno-combustible utilizando transportadores con diferentes capacidades de
transporte de oxigeno. Asimismo, se observd que la presencia de CHs en el gas tenia
un efecto significativo sobre la relacidon oxigeno-combustible requerida para la
operacion en estado autotérmico, siendo necesaria una mayor transferencia de
oxigeno cuanto menor era la generacion de CHa.

Palabras clave: gasificacion, Chemical-Looping, transportador de oxigeno, captura de
CO,, biomasa, gas de sintesis






Biomass Chemical Looping Gasification for syngas/H: production without
CO; emissions

Ivdn Sampron Alonso, Instituto de Carboquimica (ICB-CSIC)

Abstract

Biomass Chemical Looping Gasification (BCLG) is a novelty technology to produce non
N-diluted syngas (H2 and CO) without the need for pure oxygen. In addition, BCLG
allows to remove carbon from the atmosphere if the CO, generated in the process is
captured and sent for storage. BCLG process is performed in two interconnected
fluidized bed reactors, an oxidation reactor and a reduction reactor. A solid oxygen
carrier is used to transfer oxygen from the oxidation reactor to the reduction reactor,
avoiding the direct contact between air and fuel. In the reduction reactor,
devolatilization of biomass takes place, producing char which is also gasified by effect
of steam, CO; or a mixture of both that are fed to the reduction reactor as fluidizing
agent. Then, the oxygen carrier enters into oxidation reactor, being oxidized by an air
stream. The oxygen carrier is heated up, since the oxidation reaction is exothermic. In
this way, when the oxygen carrier enters to the reduction reactor again, it transfers the
heat and oxygen needed for the devolatilization of biomass and the gasification of
char, which are endothermic reactions.

The BCLG process has been studied in this thesis in a 1.5 kW, pilot plant, evaluating the
use of three oxygen carriers with different contents of Fe;Os3 over Al,03 and an oxygen
carrier with 14 % CuO over Al;Os. During this research, it has also been studied the
improvement of quality and quantity of syngas generated and it was carried out an
optimization of the process to determine the conditions that permit the operation
under autothermal conditions.

Initially, a solid oxygen carrier previously tested by our research group was evaluated in
the 1.5 kWi, prototype. This oxygen carrier was composed by a 20 % Fe203 over Al;Os.
After that, two new oxygen carriers with Fe;O3 contents of 10 % and 25 % were
prepared and tested. The three oxygen carriers showed similar trends on the molar
flows of gases generated and on the gasification parameters when the oxygen-to-fuel
ratio and the temperature were varied. A high CH4 generation was also found for the
three solids. The increase of temperature improved the gasification rate, increasing the
CO; capture, which reached values >95 %. Increasing temperature also reduced tar
formation for all the three oxygen carriers. The oxygen carrier characterization showed
that mechanical strength decreased along the operation time (redox cycles), but
increased when de Fe>O3 content decreased.



The behaviour of Fe;03/Al,03 oxygen carriers under different reaction environments
was studied in detail using a thermogravimetric analyzer. Series of 300 redox cycles
were carried out emulating a gasification atmosphere, a combustion atmosphere and
an intermediate atmosphere. It was observed that the for the tests carried out in
reducing atmosphere, typical of gasification process, the increase in temperature and
the increase in Fe;O3 content promoted iron migration from inside to outside of the
particles, creating an external and weak layer which would be elutriated as fine
particles in a fluidized bed reactor.

The catalytic activity of different oxygen carriers (ores, wastes and synthetic Fe and Cu
solids) was evaluated in order to improve the quantity and quality of the syngas
through the conversion of CHs and tars. CHs experiments were carried out in a
discontinuous fluidized bed, reducing the oxygen carriers with a gas composition
similar to the one found in the reduction reactor of continuous unit experiments. Ores
barely showed catalytic activity on CH4 whereas it increased for synthetic Fe;03/Al,03
solids when temperature also increased. The solid oxygen carrier composed by a 14 %
of CuO over alumina reached a CH4 conversion of 85 % at 940 °C.

The experiments carried out to evaluate the catalytic activity in tar removal where
carried out during an international stay at Chalmers University of Technology (CUT) in
Sweden. A discontinuous fluidized bed reactor which permitted the ethylene and
benzene feeding was used. Experiments at three temperatures using ores, synthetic
solids and a waste oxygen carrier were performed. The ores and the waste did not
show catalytic activity on ethylene conversion, while their catalytic activity on benzene
conversion was very low at low temperatures. In contrast, synthetic Fe;03/Al,03 oxygen
carriers showed an ethylene conversion >85 % at the three temperatures, whereas the
benzene conversion was always >70 %. The 14 % CuO oxygen carrier showed the
highest ethylene conversion (>95 % at the three temperatures) and reached complete
conversion of benzene at 900 °C. In this study it was observed that CHs was an
intermediate compound in the benzene and ethylene cracking/reforming reactions.

Considering the results obtained in this work, the oxygen carrier composed by a 14 % of
CuO over Al;03 was selected to study the BCLG process in the 1.5 kW, unit. The effect
of oxygen-to-fuel ratio and temperature on molar flows, tars and gasification
parameters was studied. It was seen that the Cu-based oxygen carrier produced a gas
stream with low CHasconcentration, whereas the syngas generation was higher. The
increase in temperature promoted the increase of syngas yield, which reached 1.14
Nm3 per kg of dry biomass at 920 °C. The oxygen carrier characterization showed a
high mechanical strength while the chemical properties were maintained throughout
the campaign. The estimated lifetime of the particles was the highest among previous
works found in the literature.

Vi



In order to complete the study, an optimization of the BCLG process by solving mass
and energy balances was carried out. The operation conditions which allowed
autohermal operation were determined. Several oxygen control methods were
analysed. The oxygen control method consisting in limiting the oxygen fed in the
oxidation reactor allows to obtain a higher amount of syngas and to operate in a wide
range of oxygen carrier circulation flows. The effect of different variables affecting the
energy and mass balances using this oxygen control method was simulated. It was
found that increasing preheating temperature of the reactor inlet gases increased
syngas yield. Moreover, this oxygen control method allowed operation using the same
oxygen-to-fuel ratio for oxygen carriers with different oxygen transport capacities.
Furthermore, it was observed that the presence of CH4 in the gas produced had an
important effect on the oxygen-to-fuel ratio needed for autothermal operation, being
necessary a higher oxygen transference when the CH4 generation decreased.

Key words: Biomass, gasification, Chemical-Looping, oxygen carrier, CO, capture,
syngas
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1.1. Cambio climatico y calentamiento global

El cambio climatico, definido en la Convencidon Marco de las Naciones Unidas en 1992
como “cambio de clima atribuido directa o indirectamente a la actividad humana que
altera la composicion de la atmdsfera mundial y que se suma a la variabilidad natural
del clima observada durante periodos de tiempo comparables”, se ha convertido en
uno de los principales retos de la humanidad para el siglo XXI (ONU, 1992). Entre sus
principales consecuencias se encuentran el incremento de los fendmenos extremos,
como olas de calor, precipitaciones fuertes, sequias y ciclones tropicales (IPCC, 2021).
De acuerdo con el Grupo Intergubernamental de Expertos sobre el Cambio Climatico
(IPCC), el cambio climatico, ademads de tener un impacto directo sobre las personas y
ecosistemas, afectara a las cosechas, reduciendo la disponibilidad de alimentos. En
este sentido, el IPCC advierte que el cambio climdtico ya ha producido dafios
irreversibles en los sistemas naturales y humanos reduciendo su capacidad de
adaptacion frente a fendmenos adversos (IPCC, 2022a).

El calentamiento global, definido por la ONU como “el incremento de la temperatura
de la superficie terrestre global con respecto a un periodo de referencia suficiente como
para eliminar las variaciones interanuales”, se sitia como principal causa del cambio
climdtico. Los datos ofrecidos por la NASA (2023), ofrecen una evidencia empirica de
qgue la temperatura media global del planeta ha aumentado de manera sostenida
durante varias décadas. En la Figura 1.1 se muestra la anomalia de temperatura media
global, respecto al periodo 1951-1981.
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Figura 1.1. Anomalia de temperatura media global con respecto al periodo 1951-1981.
Fuente: NASA (2023).
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En estos registros se observa un aumento sostenido en los Ultimos cuarenta afos,
aumentando el ritmo de crecimiento a partir de los afos sesenta. Actualmente, el
aumento en la temperatura media global de la tierra supera el grado respecto a los
niveles preindustriales y la tendencia es al alza. En 2021, y tras siete afios consecutivos
de aumento de la temperatura, se registré6 un nuevo mdaximo con 1.1 £0.3 °C con
respecto a los niveles preindustriales (ONU, 2023).

En estos momentos existe consenso sobre la influencia de la actividad antropogénica
en el calentamiento global. Asi, si en el quinto informe del Grupo | del IPCC emitido en
2013 se concluyé que era “extremadamente probable” que la actividad antropogénica
fuera la causante del incremento de la temperatura terrestre (IPCC, 2013), en su sexto
Informe (IPCC, 2021), se calific6 de “inequivoco” que la actividad humana habia
causado el calentamiento de la tierra, el océano y la atmédsfera. Por otro lado, ha de
tenerse en cuenta que el aumento de la temperatura observado en la grafica ha
sucedido pese a que en las ultimas cinco décadas la actividad natural de la tierra
deberia haber provocado un ligero enfriamiento (NOAA, 2023).

1.1.1. Gases de Efecto Invernadero

Desde hace mas de un siglo se tiene conocimiento de que el Efecto Invernadero
permite a la tierra mantener una temperatura superior a la que habria en su ausencia.
Este fendmeno se produce por la presencia de los Gases de Efecto Invernadero (GEls)
gue tienen la capacidad de absorber la radiacidn infrarroja que emite la tierra tras ser
calentada por el sol. En la Tabla 1.1 se muestra la eficacia de absorcion de radiacién y
el indice de Potencial de Calentamiento Global (PCG) de los principales GEls.

Tabla 1.1. Eficacia radiativa e indice PCG de los principales GEls. Fuente: IPCC (2007).

Gas Eficacia radiativa indice PCG indice PCG Permanencia
(W/m? ppb) (a 20 afios) (a 100 afios) (afios)

CO; 1.4 x10 1 1 30-95

CHg4 3.7 x10* 72 25 12

N2O 3.03 x103 289 298 114

SFs 0.52 16300 22800 3200

NF3 0.21 12300 17200 740

No obstante, el aumento por encima de las condiciones naturales en la concentracién
de GEls ha ido disminuyendo la cantidad de energia que envia el planeta hacia el
espacio alterando el balance energético global, conocido como Forzamiento Radiativo,
y produciendo un aumento de la temperatura del planeta. Por este motivo, la
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reduccion de la emisidon de GEls se ha establecido como principal objetivo en materia
climatica.

Con la firma del Protocolo de Kioto, se establecieron por primera vez compromisos
vinculantes para la reduccion de GEls (ONU, 1998). Pese a que los paises de la UE
lograron una reduccidn adelantada del 23 % (EEA, 2015), no se consiguid un efecto
notable en la reducciéon de emisiones globales debido a la no adhesién o posterior
abandono del mismo por parte de los paises mas emisores. Por ello, desde el inicio del
Protocolo de Kioto las emisiones de GEls han aumentado de manera continuada hasta
la actualidad, como se muestra en la Figura 1.2.

38 Gt 42 Gt 53 Gt 59 Gt

. Gases Fluorados
2%

2%
5%

CO, neto agricultura,
silvicultura y cambios
en el uso del suelo

64 %

CO, de combustibles
fosiles e industria

Emisones GEls (Gycqpeq/afio)

1990 2000 2010 2019

Figura 1.2. Evolucién de las emisiones de GEls entre 1990-2019 (Gtcozeq/afio). Fuente:
IPCC (2022b).

En 2019 se emitieron 59 Gtcozeq, |0 que supone un aumento de 21 Gtcozeq CON respecto
a 1990, afio tomado como referencia en Kioto. Estos datos confirman una tendencia
creciente y continuada, siendo emitida una mayor cantidad de GEls entre 2010 y 2019
que en cualquier otra década anterior (IPCC, 2022b).

Del total de GEls emitidos en 2019, el CO2 supuso el 75 % de las emisiones, seguido por
el metano con un 18 %, y en menor medida por el dxido nitroso y los compuestos
fluorados (HFCs, PFCs, SFs, NF3), con un 4 % y 2 % respectivamente. En este sentido, el
CO2 continua siendo el principal gas de Efecto Invernadero, acaparando un 64 % de
emisiones mundiales equivalentes.



1. Introduccion

1.1.1.1. Emisiones GEls en el sector energético

En la Figura 1.3 se muestra la distribucién actual de las emisiones de GEls por sector a
nivel mundial y en Espafa. Se puede observar que a nivel mundial la generacién
eléctrica y la industria son las principales fuentes de emisiones, mientras que en
Espafia es el sector del transporte, con un 29 % del total de COzq. En este sentido, se
deduce que las actuaciones en materia de reduccion de emisiones deberan ser
diferentes dependiendo del lugar de origen.

Otros b) Otros

a) 10% Electricidad

15% 13%

Electricidad
23%

Residencial
6%

Residencial _7
9%

Transporte
15%

Industria
21%

Transporte
Agricultura 29% Agricultura
22% 13%

Figura 1.3. Emisiones de GEls por sector a nivel mundial (a) y en Espafia (b). Fuentes:
IPCC (2022b); MITECO (2021).

Como se puede ver, la generacion de energia en sus diversas formas es responsable de
tres cuartas partes de las emisiones de GEls globales debido a la intensidad en el uso
de combustibles fésiles en la produccidn energética.
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Figura 1.4. Consumo de Energia primaria global por fuente. Fuente: Energy Institute
(2023).



1. Introduccion

En la Figura 1.4 se muestra la evolucion del consumo de Energia Primaria global (Ep)
por fuente. Actualmente el carbdn, petréleo y gas natural generan mas del 80 % de la
Energia Primaria consumida. Aunque el uso de gas natural y carbén ha aumentado en
las ultimas décadas, el petréleo mantiene su hegemonia como primera fuente
energética en términos mundiales. En este sentido, se revela una gran dependencia del
sector energético de este combustible y en especial por parte del transporte (65 % del
consumo de petrdleo).

Unicamente destaca el uso de la biomasa y residuos como principal fuente alternativa
a los combustibles fésiles (9.4 % del total de Ep). No obstante, este aporte comprende
principalmente el uso tradicional de la biomasa en paises subdesarrollados, mientras
qgue fuentes de electricidad renovable generaron menos del 5 % de la Ep consumida.
Ademas, se observa que el aumento en el uso de fuentes libres de emisiones de CO;
no ha promovido la sustitucion de combustibles fésiles, sino que ha ido destinado a
satisfacer el crecimiento del consumo energético, que ha pasado de 94.000 TWh en el
afo 2000 a 158.000 TWh en 2019.

1.1.2. Acuerdo de Paris y Pacto Verde Europeo

Con el objetivo de limitar el calentamiento global, en 2016 entrd en vigor el Acuerdo
de Paris (ONU, 2015), cuya aplicabilidad comenzé en 2020, coincidiendo con el afio de
finalizacion del Protocolo de Kioto. En este acuerdo, adoptado por 195 paises vy
juridicamente vinculante, se asumieron las siguientes medidas en materia climatica:

e Limitar el aumento de la temperatura media global terrestre a 2 °C y hacer
esfuerzos para evitar que se superen 1.5 °C con respecto a los niveles
preindustriales para finales de siglo.

e Adoptar estrategias de adaptacion frente al Cambio Climatico y promover la
resiliencia al clima y un desarrollo con bajas emisiones de GEls sin
comprometer la reduccidn de alimentos.

e Situar los flujos financieros en un modelo de compatibilidad con el desarrollo
resiliente del clima y las bajas emisiones.

En el Acuerdo de Paris, cada pais establece un objetivo de reduccion de emisiones
previsto para un periodo de varios afios (Nationally Determined Contributions, NDCs).
Estos objetivos se enmarcan dentro de los planteamientos del IPCC, que establecen
una reduccion de emisiones entre un 32 % y un 50 % en 2030 y entre un 66 % y un 83
% en 2050 para evitar que se supere el aumento de la temperatura de 1.5 °Cy 2 °C.
Segun el IPCC, en caso de que estos objetivos no fueran alcanzados la temperatura
media global aumentaria en torno a 3.2 °C en el afio 2100, aunque existen escenarios
en los que se podria llegar incluso a valores cercanos a 4 °C (Figura 1.5).
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Figura 1.5. Evolucion de las emisiones de GEls en los diferentes escenarios. Fuente:
IPCC (2022b).

La consecucién de esta meta en la UE se aborda desde del Pacto Verde Europeo, Green
Deal (Comisién Europea, 2019), una iniciativa de la Comisidon Europea que pretende
alcanzar las emisiones netas cero en 2050 a través de una serie de reformas
legislativas. En el Pacto Verde Europeo se establecen los siguientes objetivos:

e Garantizar una transicion equitativa y socialmente justa.

e Mantener y reforzar la innovaciéon y la competitividad de la industria de la UE
garantizando al mismo tiempo unas condiciones de competencia equitativas
con respecto a los operadores econdmicos de terceros paises.

e Sustentar la posicion de liderazgo de la UE en la lucha mundial contra el cambio
climatico.

En el marco del Pacto Verde, la UE envié en 2020 sus NDCs para el periodo 2021-2030
(NDCs, 2020a), estableciendo una reduccién de emisiones GEls del 40 %, el uso de un
32 % de renovables en el mix energético y aumentar un 32.5 % la eficiencia energética.
Sin embargo, en 2021 la UE actualizé sus objetivos (Fit for 55 %) presentado una nueva
meta de reduccion del 55 % de las emisiones de GEls en 2030 con respecto a 1990
(NDCs, 2020b). Ya en 2022, la UE aprobd el aumento de la cuota renovable en el mix
energético hasta el 45 % (Figura 1.6).
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Figura 1.6. Objetivos del Pacto Verde Europeo. Fuente: Comisidn Europea (2019).

Para alcanzar estas metas, se establecid un reparto de responsabilidades en el que se
asignd a cada pais un objetivo en la reduccién de emisiones para 2030 (37.7 % en el
caso de Espafia) en funcién de varios indicadores econdmicos. Estos objetivos de
reduccion tienen cardcter legal vinculante y los paises tendrdn una flexibilidad limitada
a la hora de intercambiar emisiones o reservarlas para otros afios.

La principal herramienta politica en la UE para garantizar los objetivos del Pacto Verde
es la limitacion planificada de la emision de CO; regulada mediante el Régimen de
Comercio de Derechos de Emision (RCDE-UE). Este sistema ya habia sido desarrollado
tras el Protocolo de Kioto, estableciendo un “mercado de carbono” donde los emisores
debian adquirir el derecho a la emisidon de CO; (Directiva 2004/101/CE) convirtiéndose
en la piedra angular de la politica climatica europea.

En vista al ambicioso objetivo de la UE para reducir un 55 % sus emisiones, la UE ha ido
modificando este sistema, reduciendo anualmente los derechos de emision
disponibles (Parlamento Europeo, 2022). Estas medidas lograron un efecto notable
sobre el coste de los derechos de emisidon, aumentando su precio tras la implantacién
de las medidas, como se puede observar en la Figura 1.7.
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Figura 1.7. Evolucion del precio de los derechos de emisidon de CO,. Fuente: SENDECO2
(2023).

En ultima instancia, el Pacto Verde Europeo deberia conducir al desarrollo sostenible
de la UE en todas sus vertientes, a la par que se plantea aumentar la independencia

energética de la UE y transitar hacia un nuevo modelo econémico basado en el empleo
verde.

1.1.2.1. Transicion energética

En linea con los objetivos establecidos en el Acuerdo de Paris y las proyecciones del
IPCC, la Agencia Internacional de la Energia (AIE) ha desarrollado una serie de
propuestas que deberian implementarse para reducir las emisiones de CO; en el sector
energético, que como se ha dicho anteriormente es responsable de tres cuartas partes
de las emisiones globales de GEls. Estas acciones se engloban en el escenario Net Zero
Emissions (NZE) que propone llegar a las cero emisiones netas de CO; en el sector
energético para el afo 2050 siguiendo una serie de trasformaciones en todos los
ambitos del sistema energético, tal y como se muestra en la Figura 1.8.
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Figura 1.8. Emisiones de CO; totales (a) y por sector (b) en el NZE. Fuente: AIE (2021).

Como se puede ver en la Figura 1.8b, las emisiones de CO; procedentes de la
generacion eléctrica deberian reducirse totalmente entre 2021 y 2040, mientras que el
resto de sectores presentan descensos mas moderados en el tiempo. De acuerdo con
este escenario, en 2050 continuaria emitiéndose CO; en sectores como la industria o el
transporte, pero estas emisiones serian compensadas mediante tecnologias de
Captura, Uso y Almacenamiento de CO3, CCUS, por sus siglas en inglés Carbon Capture,
Use and Storage. No solamente se propone evitar la emisién de CO, procedente de
combustibles como el carbdn, sino que ademas se incide en el uso de tecnologias de
emisiones negativas de CO;, es decir, aquellas que permiten retirar CO; de la
atmadsfera. En este sentido la AIE da una relevancia importante a las tecnologias BECCS
(Bionergy with Carbon Capture and Storage) y en DACCS (Direct Air Carbon Capture
and Storage). De acuerdo con estas proyecciones, el uso de tecnologias BECCS y DACCS
deberia retirar de la atmdsfera 1.9 Gtco2 en el afio 2050 y evitar el 32 % de las
emisiones de CO; en el afio 2100.
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Figura 1.9. Produccidon de energia en el escenario NZE por fuente. Fuente: AIE (2021).
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En la Figura 1.9, propuesta por la AIE, se puede observar que para alcanzar los
objetivos marcados deberia producirse un aumento de la generacion de energia
renovable en todas sus vertientes. La AIE proyecta un descenso drastico en la demanda
de carbdn, indicando la rapida sustitucion de su uso en la produccion eléctrica. Al
contrario, prevén que la demanda de petréleo y gas natural siga teniendo un papel
importante incluso en el escenario NZE, debido principalmente al peso de estos
combustibles en la industria y el transporte, ya que presentan un mayor reto en la
descarbonizacién que la produccién eléctrica (AIE, 2022). Segun estas proyecciones,
incluso en el escenario NZE, en 2050 se necesitaran 24 millones de barriles diarios de
petréleo y 1750 billones de metros cubicos de gas natural. Por ello, la AIE considera
indispensable el uso de tecnologias de CCUS que compensen esas emisiones de CO».
Asimismo, se puede observar que el uso moderno de combustibles derivados de la
biomasa debera incrementarse en los préximos afios.

Desglosando la transformacion energética por sectores, como se muestra en la Figura
1.10, la AIE proyecta un aumento exponencial de energia renovable, biocombustibles e
hidrégeno para 2050, mientras que el uso de combustibles fosiles deberia quedar
condicionado al desarrollo de procesos CCUS. Ademads, dentro de la produccién
renovable, la AIE propone la generacién de 3 Exajulios con tecnologias BECCS para
2050.

300
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200 M Hidrégeno
5 Electridad
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Figura 1.10. Transicion energética en el escenario NZE por sectores. Fuente: AIE
(2021).
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En los sectores residencial e industrial la integracidn renovable se plantea a través del
uso de electricidad de origen renovable acompanado de una mejora de la eficiencia.
No obstante, también se pronostica la necesidad de utilizar biomasa sélida, biogds y
combustibles basados en hidrégeno (H2, NHs, metanol..), especialmente en la
industria. Ademas, incluso en el escenario NZE, se recurrird a los combustibles fdsiles,
por lo que es necesario aplicar las tecnologias CCUS, que deberian estar presentes en
el 80 % de las emisiones de la industria del cemento y el 50 % del acero, donde la
emisién de CO; es inherente a los procesos.

El sector de transporte conlleva grandes retos debido a las dificultades que presenta su
electrificacion. Por ello, aunque la electrificacidon se prevé para vehiculos ligeros, la
implantacion de baterias es practicamente impensable a corto plazo en el transporte
pesado por carretera, la aviacion y el transporte maritimo. En este sentido, el uso de
biocombustibles y combustibles sintéticos producidos a partir de fuentes renovables
(e-fuels) sera necesario para sustituir buena parte de los combustibles fésiles utilizados
actualmente en el sector del transporte. Entre estos destacan, ademas del biodiesel y
bioetanol, el amoniaco y el metanol generados a partir de fuentes renovables, cuyo
uso sera especialmente importante en el transporte maritimo (AIE, 2021). Por ello, la
produccién de combustibles liquidos a partir de gas de sintesis renovable se presenta
como una ruta prometedora para la sustitucion de combustibles fésiles en el sector
industrial y en el transporte.

Asimismo, a partir de gas de sintesis es posible obtener un gran nimero de productos
guimicos que actualmente se producen a partir de combustibles fésiles, llevando la
descarbonizacion mas alla del sector energético.

13
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1.2. Procesos de gasificacion
1.2.1. Concepto de gasificacion

La gasificacion es un proceso termoquimico destinado a la produccién de gas de
sintesis o syngas (H2 y CO) a partir de un combustible sélido (de Lasa y col., 2011). A
temperaturas superiores a 700 °C y con una presencia controlada de oxigeno, un
combustible sélido se convierte en una mezcla gaseosa que contiene principalmente
H. y CO, pero también CO,, CHs, H,0, vapores organicos, alquitranes (benceno y otros
hidrocarburos aromaticos), cenizas y otras especies en bajas concentraciones (NOy,
H.S...). La proporcion de los compuestos obtenidos estard determinada por las
condiciones de operacidon del proceso: combustible utilizado, agente gasificante,
temperatura, presion, presencia de catalizadores... (Sikarwar y col., 2017). Dado que el
proceso de gasificacién tiene lugar a altas temperaturas y es endotérmico, se requiere
un aporte de calor. Este puede ser suministrado a partir de una fuente externa o, de
manera mas comun, por la combustidon de parte del combustible alimentado (Lange,
2007).

De acuerdo con de Lasa y col. (2011) el proceso completo engloba tres sub-procesos o
fases que se superponen entre si:

e Secado: el combustible pierde la humedad a temperaturas hasta 120 °C.

e Desvolatilizacién: hasta una temperatura de 350 °C los compuestos volatiles
ligeros se separan del residuo carbonoso o char. A temperaturas mayores se
generan compuestos liquidos (alquitranes).

e Gasificacidon: en esta etapa sucede la gasificacion del residuo carbonoso que se
convierte en H; y CO por efecto del agente gasificante a una temperatura
superior a 350 °C. Ademas, parte de los productos generados en las etapas
anteriores son oxidados, produciéndose H,O y CO,.

Estas fases tienen lugar a través de una compleja combinacién de reacciones que
afectan tanto al combustible como a los productos generados a partir de este. En la
Tabla 1.2 se muestran las principales reacciones que tienen lugar en el gasificador.
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1. Introduccion

Tabla 1.2. Reacciones principales en el proceso de gasificacion.

Reaccion AHo (kJ/mol)
Combustible —> gases (H,0, CO,, Hz, CO, CH4, C,Hy) +

alquitranes (C,Hm) + char (C) >0 R1
C+H,0 —> CO+H, 1313 R2
C+CO, —>2C0 1724 R3
C+0, —> CO, 3935 R4
CO +H,0 T—=2 CO; +H, -41.1 R5

En primer lugar, el combustible sélido alimentado es descompuesto en tres fracciones:
gaseosa, liquida y sélida (R1). Una parte de esta ultima es gasificada por efecto del CO;
y el agua, produciéndose CO y/o H; (R2—R3), mientras que la parte restante es oxidada
por el contacto con el oxigeno (R4). Ademas, tienen lugar como reaccién secundaria la
reaccion Water-Gas-Shift (WGS) (R5).

Aunque la gasificacion de combustibles fésiles ha sido muy desarrollada durante el
siglo pasado, en la actualidad se entiende que el proceso de gasificacion debe estar
enfocado al uso de biomasa que, ademds de ser un combustible renovable, presenta
una serie de ventajas adicionales:

e Baja concentracidn de azufre, nitrogeno y cenizas.

e Posibilidad de utilizar biomasa lignoceluldsica, que no interfiere en el uso
alimentario como sucede en el caso del maiz o la cafia de azucar, utilizados en
la produccién de biocombustibles convencionales.

e Disponibilidad de residuos biomasicos concentrados procedentes de las
industrias agricola y forestal.

Uno de los principales problemas durante la gasificacion de biomasa es la generacion
de alquitranes. De acuerdo con Evans y Milne (1987), la desvolatilizacion de biomasa
tiene lugar en tres etapas categorizadas en funcién de las reacciones quimicas y el
intervalo de temperatura. En el régimen de reaccién primario (<500 °C), el combustible
genera vapores oxigenados y especies liquidas, asi como H;0 y CO;. En el régimen de
reaccién secundario (700—800 °C) los vapores y especies liquidas obtenidos en el
régimen primario se transforman en CO, H;, CO,, H20, olefinas, fenoles y compuestos
aromaticos, mientras que el resto de alquitranes y gases sufren reacciones de
metanacion, craqueo, reformado y la WGS. En el régimen terciario (850—1000 °C), se
forma CO, Hz, CO; y H20 junto con compuestos aromaticos polinucleares y alquitranes
liquidos.
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Para su posterior uso, el gas obtenido en la gasificacién debe ser sometido a un
proceso de limpieza y purificacion con el objetivo de eliminar los alquitranes, cenizas y
compuestos nitrogenados y de azufre. Asimismo, dependiendo del uso final pueden

afiadirse nuevos procesos para aumentar la concentracidon de gas de sintesis (Figura
1.11).

HZ

co H, H,0

co, co l T™H,
CH, co, Tco

otro CH, | Reformado | CO, co

Gasificacion impi —2 i
Limpieza de CH, Upgrading H,
Alquitranes, cenizas co,
NO,, H,S

Figura 1.11. Esquema del procesado del gas obtenido en la gasificacion.

Si bien la presencia de N, S y cenizas en la biomasa suele ser muy baja o nula, la
eliminacién de alquitranes cobra una importancia especial, ya que estos compuestos
son responsables de la corrosidon de reactores, la obstruccién de las tuberias y la
desactivacion de catalizadores (Woolcock y Brown, 2013). Asimismo, algunos de ellos
son dafiinos para la salud y el medio ambiente (Guan y col., 2016).

Aunque el CHs y los hidrocarburos ligeros (C;Hw) poseen un elevado poder calorifico
gue podria ser util cuando el gas es destinado a combustién, su conversion en H, y CO
es deseable cuando el objetivo del proceso es la sintesis de otros productos. Por ello,
puede ser necesaria una etapa de reformado de CH4, que aumentaria la cantidad de H,
y CO. Asimismo, se puede elevar la concentracién de gas de sintesis mediante un
proceso de upgrading, que consiste en retirar el CO2 del gas generado. Este proceso se
lleva a cabo generalmente mediante adsorcion fisica (PSA) o utilizando sorbentes, tales
como aminas. El gas resultante estara compuesto Unicamente por H, y CO, que puede
ser transformado en una gran variedad de combustibles y productos quimicos.
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Figura 1.12. Rutas de transformacidon del gas de sintesis. Fuente: Spath y Dayton
(2003).

En la Figura 1.12 se muestran las rutas de uso del gas de sintesis. Como se puede ver,
el uso mas directo del gas es su combustién en una caldera o una turbina de gas para
la generacién de calor y/o electricidad. No obstante, existen una serie de procesos
guimicos para transformar el gas de sintesis en diversos productos. A partir de H, y CO
es posible producir alcoholes mixtos e isobutilieno (I-Cs). Asimismo, el gas de sintesis
se puede transformar en aldehidos, utilizados en la fabricacion de resinas y plasticos,
entre otros productos.

Una de las rutas mas interesantes es la produccién mediante procesos Fischer-Tropsch
(FT) de biocombustibles liquidos (diésel, gasolina) con bajo contenido en azufre y alto
indice de cetano, lo que facilita la salida al mercado. La AIE senala que el consumo de
biocombustibles liquidos en 2050 debera ser tres veces superior al de 2020 (AIE, 2022).

Cabe destacar que, aunque actualmente se fabrica de manera comercial biodiesel y
bioetanol, la mayor parte de estos proceden de la transesterificacion de aceites y la
fermentacion de azucares. Por ello, los biocombustibles-FT obtenidos a partir de
biomasa lignoceluldsica, suponen una alternativa al uso energético de la biomasa
alimentaria. Estos combustibles entrarian por tanto en la categoria de
“biocombustibles avanzados”, que segun la AIE deberian cubrir el 90 % de la demanda
de biocombustibles en el escenario NZE, siendo el principal combustible utilizado por
la aviacién en el afio 2050 (AIE, 2022). Ademas, como se muestra en la Figura 1.13,
otros productos que pueden obtenerse a partir de gas de sintesis, como los
combustibles sintéticos o el amoniaco, seran determinantes en la descarbonizacion del
transportarte maritimo y la aviacién.
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Figura 1.13. Demanda de combustibles para el transporte maritimo y la aviacién en el
NZE. Fuente: AIE (2022).

Cabe destacar que actualmente el NHs se produce mediante el reformado de metano,
sometiendo el gas de sintesis a la reaccién Water Gas Shift (WGS) para aumentar la
cantidad de H, que posteriormente se mezcla con N2 (proceso Haber-Bosch), por lo
que la gasificacion puede suponer una ruta prometedora para la descarbonizacion del
NHs.

Otra opcidn es la transformacion del gas de sintesis en metanol, que actualmente se
produce a partir de H; y CO procedentes del reformado de gas natural. Este compuesto
puede utilizarse directamente como combustible (M100) o mezclado con un 15 % de
gasolina (M85) en motores de combustidon interna. Asimismo, es posible su uso en
pilas de combustible, que segun la AIE deberian sustituir en torno al 35 % de las
necesidades energéticas del transporte pesado por carretera en 2050. Recientemente,
el Gobierno de Espana acordd con la empresa Maersk la produccién en Espafia de
200.000 toneladas de metanol en 2030 para descarbonizar el transporte por via
maritima (Moncloa, 2022). Ademds, un gran numero de compuestos quimicos se
producen mayoritariamente a partir de metanol (acido acético, MTBE, DME...).

De esta forma, una de las principales ventajas de la produccién de gas de sintesis es
gue presenta una gran versatilidad, pudiendo ser utilizado en la generacidn eléctrica,
en el sector de transporte, o en la produccién de compuestos quimicos.
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1.2.2. Tecnologias de gasificacion

En las ultimas décadas, se han desarrollado diferentes tipos de reactores para llevar a
cabo la gasificaciéon de biomasa, pensados especialmente para la produccion de calor y
electricidad a pequefia y mediana escala (Szul y col., 2020).

Entre las instalaciones existentes pueden encontrarse reactores de lecho mévil (tanto
downdraft como updraft), reactores de lecho fluidizado burbujeante (LFB) y circulante
(LFC). Ademds, entre estos ultimos podemos distinguir los gasificadores de una etapay
los de dos etapas (gasificacion indirecta). En la Tabla 1.3 se muestra un resumen con
los principales proyectos de gasificacion existentes a nivel mundial y sus
caracteristicas.

Los reactores de lecho mévil (Figura 1.14) son los reactores mas comunes utilizados en
la gasificacién de biomasa. Normalmente, en la gasificacion en lecho movil se usa aire
como agente gasificante por lo que tiene lugar la dilucién del gas de sintesis con Ny, lo
cual disminuye el poder calorifico inferior (PCl) del gas. Aunque existe la posibilidad de
sustituir el aire por O, puro, para ello se requiere una Unidad de Separacidon de Aire
(ASU), que aumentaria los costes del proceso. Por ello, este tipo de gasificadores estan
generalmente destinados a generar gas de bajo PCl para su combustién directa en
caldera o turbina de gas.

a) Combustible b) Combustible

7

[ 1—Gas

Aire/0,—[] [« Aire/O,

1_.|—»\ """ t:"]:.:h—mre/oz

Figura 1.14. Gasificadores de lecho mévil downdraft (a) y updraft (b).
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Tabla 1.3. Principales proyectos de gasificacion.

1. Introduccion

Unidad Pais Tipo Potencia (MW,) Combustible Escala Estado Uso

Mont-Goddine Bélgica Downdraft 1 Biomasa Comercial Operativo Electricidad y calor
Puidoux Suiza Updraft 4.5 Biomasa Comercial Operativo Electricidad y calor
Baas Energie Paises Bajos Updraft 4.5 Biomasa Comercial Operativo Electricidad y calor
Kauhajoki Finlandia Updradft 5-8 Biomasa, turba Comercial Operativo Calor

Ecoplanta MRS Espafia LFB - Residuos Comercial Planeada Metanol

Guascor Espaiia LFB 35 Biomasa Comercial - Electricidad

W2C -Waste to jet Paises Bajos LFB - Residuos Comercial Planeado Combustible aviacion
Varkaus Finlandia LFB 50 Biomasa Comercial Operativa Calor

Sierra EEUU LFB - Residuos Comercial Operativa Combustible aviacién
Centepint EEUU LFB - Residuos Comercial Planeado Combustible aviacion
North Point Gran Bretafia LFB - Residuos Comercial Planeado Combustible aviacion
Skive Dinamarca LFB 28 Biomasa Comercial Operativo Electricidad y calor
Vaasa Finlandia LFC 140 Biomasa Comercial Operativo Calor

Lathi Finlandia LFC 40-60 Biomasa Comercial Operativa Calor
Vaermlandsmetanol Suecia LFC 111 Biomasa Comercial Planeado Metanol

Gussing Austria DFB 8 Biomasa Demostracion  No operativo Electricidad y calor
Villach Austria DFB 15 Biomasa Demostracion - Electricidad y calor
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Los gasificadores de lecho movil, consisten en pequefias instalaciones de tipo
downdraft, con potencias tipicas de hasta 1 MW; (Situmorang y col.,, 2020), para
generacion de electricidad y calor. En la Tabla 1.3 se ha incluido el mas representativo.
También se puede encontrar un numero importante de reactores donde el
combustible y el agente gasificante circulan a contracorriente (updraft). Los
gasificadores updraft pueden operar con mayores potencias, pero el gas obtenido
posee un elevado contenido de alquitranes (hasta 150 g/Nm3), debido a la menor
temperatura existente en la zona superior del reactor (Cortazar y col., 2023), por lo
que esta configuracion se ha utilizado principalmente para combustién directa del gas
en calderas de centrales de calor de distrito, como se puede ver en la Tabla 1.3.

En la Figura 1.15 se muestra un esquema de los principales tipos de gasificadores de
lecho fluidizado de una etapa o de gasificacién directa. Los reactores de lecho
fluidizado son tecnologias ampliamente desarrolladas en las que un sélido se mantiene
en suspension dentro del reactor mediante la introduccién de un gas utilizado como
fluidizante. Esta tecnologia confiere al proceso unas condiciones de mezcla perfecta
gue permiten una mayor uniformidad de la temperatura. De esta forma, se mejoran
algunos aspectos del proceso de gasificacion relativos a la conversidon de combustible o
la formacién de alquitranes.
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Figura 1.15. Esquema de los gasificadores de lecho fluidizado burbujeante, LFB (a) y
lecho fluidizado circulante, LFC (b).
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Los rectores de lecho fluidizado son facilmente escalables y permiten una gran
flexibilidad con respecto al combustible utilizado, pudiendo alimentarse particulas de
diferente tamafio e incluso con cantidades variables de humedad o cenizas (Porcu y
col., 2019). Por otro lado, la uniformidad de la temperatura en el reactor posibilita la
reduccion in-situ de la formacién de alquitranes y una rapida conversiéon del
combustible (Chianese y col., 2016). No obstante, la concentracién de alquitranes en el
gas sigue siendo elevada dependiendo del uso final del gas (Harb y col., 2020). De
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acuerdo con Cortdzar y col. (2023), el uso de lechos fluidizados burbujeantes (LFB) da
lugar a concentraciones de alquitranes de hasta 40 g/Nm?3, mientras que el valor
maximo en lecho fluidizado circulante (LFC) se reduce hasta 10 g/Nm3. Sin embargo, el
contenido de alquitranes esta ligado en gran medida al combustible y al material
utilizado como lecho (Ramos y col., 2018), por lo que algunos autores han propuesto el
uso de sdlidos con propiedades cataliticas (Herguido y col., 1989).

Debido a las ventajas de los lechos fluidizados sobre otras tecnologias, estos han
adquirido relevancia en los ultimos afos. En particular, el uso de lechos fluidizados
cobra importancia cuando el destino del gas es la produccidon de combustibles liquidos
o productos quimicos. Un ejemplo de ello es Fulcrum Bioenergy, que en 2022 puso en
marcha el proyecto Sierra (EEUU), que produce 40.000 m3 anuales de combustibles de
aviacion mediante Fischer-Tropsch a partir de gas de sintesis obtenido en un
gasificador de lecho fluidizado burbujeante alimentado con residuos sélidos urbanos.
Asimismo, Fulcrum esta construyendo varios proyectos similares en Reino Unido y
EEUU con los que pretende superar los 100.000 m*® anuales de combustible—FT
producido a partir de gas de sintesis (Fulcrum, 2022). Recientemente, el uso de lechos
fluidizados también ha sido seleccionado por Repsol para la produccién de gas de
sintesis en Tarragona. Segun se estipula, a partir de 2026 esta instalacidon generard
220.000 toneladas anuales de metanol utilizando residuso como combustible (Repsol,
2021).

Pese a sus ventajas, el uso de lechos fluidizados de una etapa no evita la dilucién del
gas de sintesis con N2 o la necesidad de una ASU para la obtencién de O; puro. La
gasificacién en dos etapas, conocida como indirecta o DFB por sus siglas en inglés dual
fluidized bed, surge para dar solucion a este problema. La gasificacion indirecta es una
variante de la gasificacion directa en lecho fluidizado circulante en la que el proceso se
divide en dos etapas donde se producen de manera separada la gasificacion del
combustible y la generacion de energia. En la Figura 1.16 se muestra un esquema del
proceso de gasificacién indirecta o DFB.
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Figura 1.16. Esquema del proceso de gasificacion en dos etapas (proceso de
gasificacidn indirecta).

En la gasificacion indirecta el sdélido del lecho circula entre dos reactores,
transportando calor del reactor de oxidacidon (RO) al reactor de gasificacion (RG). El
combustible se introduce en el RG, donde se seca y desvolatiliza produciendo char.
Parte de este char se gasifica por efecto del vapor y/o CO; alimentado, pero otra parte
se arrastra al RO donde se quema con el aire alimentado (emitiendo CO; a la
atmosfera), lo que da lugar a un aumento de la temperatura del lecho. El sélido
caliente vuelve a entrar en el RG aportando el calor necesario para que tengan lugar
las reacciones endotérmicas de gasificacién del combustible.

Como se puede ver en la Tabla 1.3, existen varias unidades de gasificacion indirecta a
diversa escala, como la de 8 MW: en Glssing (Austria). Esta unidad de demostracion
(actualmente no operativa) fue utilizada durante muchos afios para la generacion
simultdnea de calor y electricidad.

La gasificacién indirecta permite obtener un gas rico en CO y Hj, sin la necesidad de
utilizar Oz puro. A priori, el principal inconveniente de esta tecnologia es la emisién de
CO,, pero Corella y col. (2007) detectaron que en ocasiones el char transferido al RO
era insuficiente para generar el calor necesario en el RG, requiriendo un aporte
externo de energia. Esto, ademas de reducir la rentabilidad del proceso, en muchos
casos hace que la generacion de calor se lleve a cabo quemando combustibles en el
RO, aumentando por tanto la emisién de CO..

Siguiendo la configuraciéon del proceso de gasificacion indirecta, las tecnologias de
gasificaciéon mediante Chemical Looping han sido propuestas para mejorar el proceso
de gasificacion sin emisiones de CO; a la atmdsfera.
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1.3. Gasificaciéon mediante la tecnologia de Chemical Looping

La tecnologia de Chemical Looping se originé en 1954 como método para producir CO2
puro a partir de combustibles gaseosos (Lewis y Guilliland, 1954). Mas tarde fue
propuesta para mejorar la eficiencia en los ciclos Rankine mediante el uso de dos
lechos fluidizados (Richter y Knoche, 1983). Siguiendo esta configuracion, Ishida y Jin
(1994) propusieron la tecnologia de Chemical Looping para la combustién con captura
de CO; en generacion termoeléctrica. En esta linea, Lyngfelt y col. (2001) determinaron
el potencial del proceso Chemical Looping y sus aspectos mas relevantes.

En la tecnologia de combustiéon con transportadores sélidos de oxigeno, conocida
como Chemical Looping Combustion (CLC), se utiliza un transportador sélido de
oxigeno cuya funcion es transferir oxigeno del aire al combustible. El transportador
circula entre dos lechos fluidizados interconectados; el Reactor de Reduccion (RR) vy el
Reactor de Oxidacion (RO). En la Figura 1.17 se muestra un esquema del proceso de
combustién de sélidos mediante la tecnologia CLC.
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Figura 1.17. Esquema del proceso de combustion de sélidos mediante Chemical
Looping.

En el RR, se produce la reduccién del transportador y la oxidacion del combustible con
el oxigeno del transportador, dando lugar idealmente a una corriente gaseosa de CO, y
H.0. Mediante la condensacion del vapor se obtiene una corriente practicamente pura
de CO,, que puede ser almacenado por tiempo indefinido para evitar su emisién a la
atmdsfera. Después de ser reducido, el transportador entra al RO, donde es
regenerado por el contacto con el aire. A la salida de este reactor se obtendra
Unicamente una corriente de N2 y O; no reaccionado, ya que se suministra aire en
exceso. El transportador oxidado vuelve de nuevo al RR iniciando un nuevo ciclo. De
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esta manera, se evita el contacto directo entre el combustible y el aire, y por tanto la
dilucién en N; de la corriente de gases de salida del RR.

La variacién de entalpia global del proceso (AH) es equivalente a la que tiene lugar en
la combustion convencional del combustible (AH <0). Por tanto, se obtiene la misma
cantidad de energia que en el sistema de combustion convencional pero con una
captura de CO; inherente al proceso.

Adédnez y col. (2004) propusieron una seleccion de materiales susceptibles de ser
utilizados como transportadores sélidos de oxigeno para el proceso CLC. En 2005 la
tecnologia fue demostrada de manera experimental por Lyngfelt y col. (2005a) durante
100 h de combustion en una unidad de 10 kW: utilizando un transportador basado en
niquel y CHa como combustible. Desde entonces, como se muestra en la Figura 1.18 se
han disefiado y construido numerosas unidades piloto de diferente potencia,
adaptandolas para combustibles gaseosos, liquidos y sélidos.
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Figura 1.18. Unidades de Chemical Looping para operacién en continuo.

En 2012, el grupo de Combustién y Gasificacion del Instituto de Carboquimica (ICB-
CSIC) publicé una revision sobre el estado del arte de los procesos de Chemical
Looping, identificando a esta tecnologia como altamente prometedora para reducir los
costes de la captura de CO; en el proceso de combustidn ya que evita la penalizacién
energética (Adanez y col., 2012). Posteriormente, el mismo grupo realizé una revisidon
actualizada sobre la combustién de combustibles sdlidos mediante CLC. En este trabajo
se recopila informacién sobre los diferentes transportadores de oxigeno propuestos
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para CLCy los principales resultados obtenidos en diferentes unidades de operacion en
continuo (Addnez y col., 2018).

Cabe destacar que en la ultima década también se ha desarrollado la tecnologia
Chemical Looping with Oxygen Uncoupling (CLOU) que aprovecha la propiedad de
algunos materiales usados como transportadores de oxigeno de desprender oxigeno
molecular, promoviendo asi una mejor eficiencia en el proceso de combustién
(Mendiara y col., 2018). Asimismo, se han obtenido resultados exitosos en otras
aplicaciones para Chemical Looping, como el reformado autotérmico de metano (CLRa)
y la produccién de hidrégeno a partir de combustibles liquidos.

Posteriormente, Lyngfelt y col., (2019) recopilaron mas de 11.000 h de operacién en
plantas piloto de Chemical Looping operando en continuo y concluyeron que la
tecnologia se habia expandido de manera rapida, adaptdndose a todo tipo de
combustibles y siendo competitiva frente a otras tecnologias de captura de COx.

1.3.1. Concepto de Chemical Looping Gasification

La tecnologia de Chemical Looping Gasification (CLG) es similar a la de CLC desarrollada
en anos anteriores. Sin embargo, mientras que en CLC el objetivo es generar calor, en
CLG el objetivo es producir gas de sintesis. Por tanto, la principal diferencia, desde el
punto de vista del proceso, es que la operacién en CLG tiene lugar en defecto de
oxigeno, mientras que en CLC se requiere un exceso de oxigeno. No obstante, en el
proceso CLG se necesita una transferencia de oxigeno para generar la energia
requerida por las reacciones endotérmicas de gasificacion, es decir, para que el
proceso sea autotérmico.

En la Figura 1.19 se muestra el esquema simplificado proceso del CLG. El transportador
de oxigeno se encarga de transferir oxigeno y calor entre reactores, evitando la
dilucion del gas de sintesis con el N, o el uso de O, puro, tal y como sucede en los
procesos de gasificacidon de una etapa. Esto supone bien un aumento del poder
calorifico del gas generado con respecto a otras tecnologias, o bien una reduccién de
costes al no ser necesaria una ASU para la produccién de O,. Ademas, practicamente
se elimina la emisién de CO; a la atmédsfera, pudiendo alcanzarse emisiones negativas
de CO2 en caso de ser almacenado.

26



1. Introduccion
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Figura 1.19. Esquema del proceso de gasificaciéon mediante Chemical Looping (CLG).

En el Reactor de Reduccion (RR) se produce el secado y la desvolatilizaciéon del
combustible (ver Figura 1.20), dando lugar a una fase sélida (char) y una fase gaseosa
(CO, COy, Hz, H20, CHa4, C,Hw) y alquitranes (ChHm).

H,0  CH,CH,,CH, CO,H, CO, H,O0

z" 'w’

Transportador

d ,
e oxigeno Co, H,

CH,,CH,, C.H,,

z" 'w?

Aolétiles R 4 Char
Combustible (i i=-==""""" H,0/CO,
RN

H,0 y/o CO,

Figura 1.20. Esquema del proceso de gasificacidén en el Reactor de Reduccién.

La fase sélida o char es gasificada convirtiéndose en H, y/o CO dependiendo del agente
gasificante utilizado. El uso de CO,, vapor de agua o una mezcla de ambos determinara
en gran medida la relacion H,/CO obtenida. En este sentido, el uso de un agente
gasificante u otro atenderd principalmente a la composicién requerida por el uso final
del gas de sintesis.
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De forma general, las principales reacciones que se producen en el RR son:

Combustible — char (C) + CO + H; + CO; + H20 + CHs (C;Hw) + CiHm R6
C+H,O —> CO+H> R7
C+CO,— 2C0 R8
CO +H20 T—=2 COz + H2 R9

Una parte de los productos de gasificacion (Hz, CO), alquitranes (CoHm) y del resto de
los volatiles (CH4, C,Hw) reaccionan con el transportador que se encuentra en estado
oxidado o parcialmente oxidado, reduciéndolo (R10—R13).

MexOy + H, —> Mex0y-1 + H,0 R10
MexOy + CO —> MexOy-1+ CO2 R11
(2z +w/2) MexOy + CHa (C.Hw) ——> (2z + w/2) MexOy-1+ w/2 H20 + 2 CO3 R12
(2n +m/2) MexOy + ChHm ——> (2n +m/2) MexOy-1+ m/2 H,0 + n CO; R13

Sin embargo, puesto que el proceso tiene lugar en condiciones subestequiométricas,
parte de los compuestos obtenidos no reaccionardn con el transportador de oxigeno,
formando parte de la corriente de salida del reactor de reduccién. No obstante, los
hidrocarburos y alquitranes pueden ser a su vez craqueados por efecto de la
temperatura.

Asimismo, el transportador de oxigeno puede actuar como catalizador en el reformado
de estos productos (R14—R17).

CHa4 (C;Hw) +2 H20 —Y°— 72 CO + (z + W/2) H; R14
CHa (C;Hw) + 2 CO2 —=—> 22 CO + w/2 H; R15
CoHm + N H20 —Y°— n CO + (n + m/2) H, R16
CoHm +n CO; —™—> 2n CO + m/2 H, R17

Este hecho se presenta como una ventaja con respecto a otros procesos de
gasificacidon, donde se generan grandes cantidades de alquitranes. Por otra parte, el
reformado de CH4 e hidrocarburos ligeros se traduce en un aumento de la generacién
de gas de sintesis.
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Una vez es reducido, el transportador de oxigeno pasa al RO, donde entra en contacto
con una corriente de aire, produciéndose la oxidacién (R18). Dependiendo de las
condiciones de operacion, cabe la posibilidad de que parte del char (C) también pase al
RO, donde seria quemado por el contacto con el aire (R19).

MexOy-1+ 1/2 02 _—> MexOy R18

C+0;, —> CO, R19

La reaccion de oxidacion del transportador de oxigeno tiene caracter altamente
exotérmico (AH, <0), por lo que la temperatura del transportador de oxigeno en el RO
aumenta. El ciclo se completa con la transferencia de calor y oxigeno al RR. De esta
forma, se aporta la energia necesaria para que ocurra la desvolatilizacion del
combustible y la gasificacion del residuo carbonoso, reacciones endotérmicas (AH, >0).

Si todo el carbono del combustible se gasifica en el RR en lugar de ser quemado en el
RO, es posible evitar la emisién de CO, a la atmdsfera utilizando procesos de
separacion o captura del CO; del gas de sintesis y su posterior almacenamiento. Con
esta premisa, como se muestra en la Figura 1.21, el uso de un combustible de origen
fosil (coque, carbdn) en el proceso de gasificacién dara lugar a emisiones positivas, ya
que parte del carbono del combustible se encontrara en el gas util (CO, CHa...) y
terminard siendo emitido tras su uso, pero se habran reducido significativamente las
emisiones de CO; debido a la captura del CO; en la limpieza del gas de sintesis.

CLG-Fosil BCLG

Emisiones menos Emisiones
positivas negativas

Figura 1.21. Balance global de emisiones de CO; en las tecnologias de Chemical
Looping.

Por el contrario, el uso de biomasa da lugar a emisiones negativas, ya que se captura
CO; previamente retirado de la atmdsfera durante el crecimiento de la biomasa,
aungue parte del carbono vuelva a la atmdsfera como consecuencia del uso de los
compuestos carbonosos en el gas de sintesis. Este proceso, usando biomasa como
combustible, se conoce como Biomass Chemical Looping Gasification (BCLG) y permite
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la produccion de un gas de sintesis con elevado poder calorifico a la vez que se retira
CO; de la atmodsfera, de manera similar a las tecnologias BECCS. De esta forma, el
proceso BCLG presenta una serie de ventajas adicionales con respecto a otras
tecnologias de gasificacion:

e El gas de sintesis no se encuentra diluido en N».

e No serequiere ASU.

e Posibilidad de alcanzar emisiones de carbono negativas.

e Los transportadores de oxigeno pueden actuar como catalizadores en la
reaccion de reformado de CHa e hidrocarburos ligeros (C.Hw). Esto permite
aumentar la concentracion de H, y CO.

e Se reduce la formacidn de alquitranes y por tanto se simplifican los procesos de
limpieza del gas.

e Obtencién de N, practicamente puro a la salida de RO.

1.3.2. Transportadores solidos de oxigeno

La seleccién del transportador de oxigeno es un punto clave en todos los procesos de
Chemical Looping, siendo objeto de estudio en muchos trabajos previos para
combustién de combustibles sdélidos, liquidos y gaseosos (Adanez y col., 2018; Lyngfelt,
2020). En términos generales la seleccion del transportador debe tener en cuenta los
siguientes requisitos:

Capacidad de transporte de oxigeno: la capacidad de transporte de un material, Roc,

hace referencia al oxigeno que es capaz de transferir el sélido y depende directamente
del contenido en fase activa y del par redox. Se calcula con la siguiente ecuacién:

moxi B mred

Roc=m— (1)

oxi

donde moyi es la masa del transportador de oxigeno en su fase oxidada y mred la masa
del transportador de oxigeno en fase reducida. Aunque en CLG se opera en defecto de
oxigeno, y por tanto no es imprescindible una capacidad elevada, el material debe
conservar su capacidad de transporte durante el mayor numero de ciclos redox
posible.

Reactividad: es necesario que el transportador de oxigeno reaccione rapidamente con
los gases, evitando asi el uso de grandes inventarios de sélidos en el proceso.
Dependiendo de la composicidn del gas que se pretenda obtener a la salida del RR, se
requiere que el transportador sea mas selectivo a unos gases u otros. De esta forma, si
el proceso estd destinado a la produccién de gas de sintesis, por ejemplo para
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procesos de obtencion de biocombustibles—FT o NHs, la selectividad hacia la reaccion
con metano para la generacion de H, y CO serd una ventaja, mientras que si el gas se
utiliza para combustién en una caldera este factor tendra menos importancia.

Elevada resistencia _mecanica: puesto que los reactores utilizados son de lecho

fluidizado, las particulas del transportador de oxigeno van a estar sometidas a friccion
con otras particulas y con las paredes del reactor. Por ello, el sélido debe tener una
dureza elevada que le permita soportar las altas temperaturas y los ciclos redox. Por
tanto, debe ser resistente a la atricion (A), es decir, a la generacion de particulas finas
gue por su pequefio tamano son elutriadas fuera del sistema. La velocidad de atricidon
se calcula con la ecuacion (2):

A (%/h)=—

-100 (2)

t t

donde ms es la masa de particulas finas (<40 um) elutriadas sobre el inventario de
solido total m¢ para un periodo determinado de tiempo (A:). A partir del inverso del
valor obtenido de la velocidad de atricidén (en %/h) se puede obtener un valor de vida
media del sdélido (en h), que determina la durabilidad del transportador de oxigeno, y
por tanto su tasa de reposicidn al sistema.

Bajo coste: en buena medida, la rentabilidad del proceso esta sujeta al coste de
preparacién y reposicion del material usado. Este a su vez estd relacionado
directamente con la vida media de las particulas, y de manera indirecta con la calidad
del gas que se obtenga. Por ello, existe un compromiso entre estas tres partes,
requiriéndose materiales con un bajo coste de preparacidén pero que a su vez tengan
una elevada vida media y sean capaces de generar gas de sintesis de alta calidad, es
decir, de eliminar impurezas como alquitranes, y en caso de que sea necesario por el
uso final del gas, convertir la mayor cantidad posible metano e hidrocarburos en gas
de sintesis.

Baja toxicidad e impacto ambiental: debe considerarse que al final de su vida util los

transportadores de oxigeno son tratados como residuos, por lo que es preferible que
se trate de materiales inocuos. Ademas, cualquier proceso que implique el uso de
combustibles sdélidos conlleva la generacion de cenizas que pueden contener particulas
del transportador, lo que debe tenerse en cuenta para para su posterior tratamiento.
Por ello, el uso de materiales toxicos no es recomendable cuando se trata de
combustibles sélidos. Los transportadores basados en Ni son téxicos, y especialmente
cuando se encuentran en su fase mas reducida. Por el contrario, los basados en Fe, Mn
y Cu son mas inocuos. Otro aspecto a tenerse en cuenta es la minimizacion del impacto
ambiental generado en la extraccién y la intensidad de procesado de los mismos.
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1.3.2.1. Transportadores de oxigeno propuestos para CLG

Basados en la experiencia derivada del proceso CLC, y atendiendo a los requerimientos
mencionados anteriormente, se han propuesto y estudiado numerosos minerales
transportadores de oxigeno, residuos de procesos industriales y materiales sintéticos
para su uso en CLG. En la Tabla 1.4 se muestran los principales transportadores
minerales propuestos para CLG y la unidad de mayor escala en la que ha sido probado.

Tabla 1.4. Principales minerales propuestos como transportadores de oxigeno para
CLG.

Transportador Reactor Referencias

lImenita LEC Condoriy col. 2021a, 2023; Dieringer y col. 2023;
Marx y col. 2023

Hematita LFC Condoriy col. 2021b; Ge y col. 2016; Shen y col. 2018.;
Huy col. 2018.

Mineral de Mn LFC Condoriy col. 2021b; Mattisson y col. 2019

Ferrita de Calcio LFB Riley y col. 2017; Wang y col. 2019

Por su bajo coste y abundancia los transportadores de origen mineral han sido
propuestos por varios autores para el proceso CLG. El transportador de oxigeno
natural mas relevante es la ilmenita, un mineral formado principalmente por Fe y Ti
que ha sido ampliamente estudiado para CLC (Cuadrat y col., 2012a; Abad y col., 2017)
y del que se tiene un buen conocimiento de su comportamiento (Adanez y col., 2010;
Bartocci y col., 2023). Debido a los buenos resultados obtenidos en combustién,
numerosos autores han propuesto su uso para gasificacion.

El mineral de hierro o hematita (Fe;03), también ha sido utilizado previamente en la
combustién (Mendiara y col., 2014; Abad vy col., 2017), pero su uso en gasificacién se
ha visto limitado por su alta degradacion y su escasa resistencia mecanica con el
numero de ciclos (Huang y col., 2013; Hu y col., 2019; Xu y col., 2018). Igualmente, los
minerales basados en Mn, cuya aplicacién ha sido extensa en los procesos de
combustién debido a su elevada reactividad (Mei y col., 2016), no han gozado de
protagonismo en CLG por mostrar una elevada atricién y generar un alto contenido en
alquitranes en el gas de sintesis (Condoriy col., 2021b).

Las ferritas de calcio han sido también propuestas como transportador para el proceso
CLG. No obstante su uso no se ha probado todavia en unidades de operacién en
continuo.

En los ultimos afios, algunos residuos provenientes de diferentes procesos industriales
también han captado la atencidon de varios investigadores debido a su bajo coste. En la
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Tabla 1.5 se muestran los principales residuos propuestos como transportadores para
el proceso CLG y el tipo de reactor de mayor escala en el que han sido probados.

Tabla 1.5. Principales transportadores de oxigeno procedentes de residuos propuestos
para CLG.

Transportador Reactor Referencias

LD Slag LFC Hildor y col. 2020; Purnomo y col. 2021; Condori y col. 2021c
Iron Sand LFB Purnomo y col. 2023.

Fosfoyeso LF Yangy col. 2017; Pan y col. 2022

Residuo galvanico LF Hany col. 2022

El principal residuo propuesto como transportador de oxigeno para CLG es el LD Slag,
un subproducto de la industria del acero compuesto por diferentes dxidos de calcio y
hierro. Este material habia sido investigado en diferentes modos de combustidon (Meiy
col., 2023; Moldenhauer y col., 2020), y en varios reactores de CLG, aunque ha
mostrado una escasa resistencia mecanica con el nimero de ciclos redox (Hildor y col.,
2020; Condori y col., 2021c). El residuo de la industria del cobre, Iron Sand, compuesto
principalmente por Fe;03 y Fe304 también estd siendo estudiado como candidato para
el proceso CLG, aunque todavia se encuentra en las primeras fases de investigacion.

Otros residuos industriales como el fosfoyeso, un subproducto de la fabricacién de
fertilizantes, también ha sido propuesto para el proceso CLG, aunque su uso directo
Unicamente ha sido probado en pequeiios reactores de lecho fijo. De manera similar,
un residuo procedente del galvanizado de metales también ha sido propuesto como
transportador de oxigeno por varios investigadores. No obstante, este producto es
considerado como peligroso debido a su composicién.

Con el objetivo de aumentar la resistencia mecdnica y vida media de los
transportadores de oxigeno o de mejorar las propiedades del gas de sintesis, un gran
numero de investigadores han apostado por la preparacion de materiales sintéticos,
conceptualizados de manera especifica para su uso en gasificacion. En la literatura,
existe una cantidad ingente de trabajos que involucran transportadores de oxigeno
sintéticos elaborados mediante diferentes métodos. Sin embargo, la mayoria de los
trabajos con este tipo de sdlidos se han llevado a cabo Unicamente en termobalanza o
microreactores, siendo escasos los estudios realizados en unidades de operacion en
continuo. En la Tabla 1.6 se muestran algunos de los transportadores sintéticos mas
destacados y el reactor de mayor escala en el que han sido probados.
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Tabla 1.6. Principales transportadores de oxigeno sintéticos propuestos para CLG.

Transportador Método de Reactor Referencias

preparacién
Fe,03/Al,0; Mezcla mecanica LEC Huseyin y col. 2014; Wf—:~| y col. 20153;

Wu y col. 2016; Zacharias y col. 2016

NiO/A|203 Mezcla mecanica LFC Gey col. 2015
CuO/Fe,03 Sol-gel LFB Niu y col. 2018; Tian y col. 2018
Fe,0s/Ca0 - LF Liuy col. 2018
CaO/ NiO/A|203 Mezcla mecanica LFC Ge Yy col. 2015
Fez03/CaO Mezcla meca’nica LF Xue Yy COI. 2019
CaFe;0, Sol-gel LF Abdalazeez y col. 2022
Cu/Ni/Olivina Impregnacién LFB Abduhaniy col. 2023
Fe,05/A1,05/NiO Mezclamecanica \cc ey col. 2015b

e impregnacién
NiMn;04 Sol-gel LF Liuy col. 2023

) Liuy col. 2023; Yang y col. 2023; Liang

NiFe,04 Sol-gel, LF

coprecipitacion y col. 2023
Ni-Residuo galvanico Impregnacion LF Tangy col. 2023
Ni/CazFEz05 Mezcla mecanica LF Liang \ col. 2023
CuFe;0./Fosfoyeso Mezcla mecanica LFB Yangy col. 2021
Ce-BaFe;0, Sol-gel LF Yuany col. 2023
BaFe,0, Sol-gel LF Abdalazeez y col. 2022
MgFe,04 Sol-gel LF Abdalazeez y col. 2022

En la mayoria de trabajos se han preparado transportadores compuestos por uno o
varios oOxidos metdlicos y un soporte inerte que aporta resistencia mecanica al
transportador de oxigeno. Una apuesta comun es la combinacién de Fe;0s con Al,Os3,
dando lugar a transportadores muy reactivos y con una elevada resistencia a la
abrasion. En la bibliografia se pueden encontrar sdélidos con diferentes proporciones de
Fe203 y Al;O3 propuestos para CLG, elaborados en su mayoria mediante el método de
mezcla mecanica.

Con el propdsito de aumentar la concentracion de gas de sintesis, se ha considerado el
uso de sdlidos con diferentes proporciones de Ca0O, ya que este compuesto tiene la
capacidad de retener CO, mediante la reacciones de carbonatacidn—calcinacién
(Ca0—CaC03). No obstante, la regeneracién de CaO (que tendria lugar en el RO)
liberaria CO; a la atmosfera.
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Para maximizar la calidad y cantidad del gas de sintesis, se han preparado una amplia
gama de transportadores con propiedades cataliticas. El Ni es un elemento conocido
por su selectividad hacia el CHasy su actividad catalitica. Por ello, y pese a su caracter
toxico, el Ni ha sido cominmente propuesto para mejorar las propiedades del gas de
sintesis. Aunque en la mayoria de transportadores que utilizan Ni, este se encuentra en
bajas concentraciones, su toxicidad contintda siendo un problema a la hora de tratar las
cenizas que se generan en proceso y son contaminadas por el transportador. Por ello,
con el objetivo de evitar los inconvenientes del uso de Ni, algunos autores han
propuesto como alternativa el uso de Cu, que destaca por una alta selectividad hacia
los hidrocarburos (Abad y col.,, 2007), y posee propiedades cataliticas cuando se
encuentra en forma metalica (Zeng y col., 2019). No obstante, su uso en Chemical
Looping ha acarreado algunos problemas relativos a su resistencia mecanica (de Diego
y col., 2005).

Cabe destacar, que también se han propuesto transportadores de oxigeno basados en
Fe a los que se afade Ba, Ce u otros elementos con el objetivo de mejorar sus
propiedades, aunque estos han sido probados Unicamente en pequefios reactores de
lecho fijo.

1.3.3. Estado del arte

Pese a que en la bibliografia se pueden encontrar muchos trabajos sobre el desarrollo
de transportadores sélidos de oxigeno para el proceso CLG, especialmente de caracter
sintético, la mayor parte de éstos se han analizado en termobalanza, microrreactores o
reactores de lecho fluidizado discontinuo. De hecho, hasta el inicio de esta tesis,
existian Unicamente seis trabajos de gasificacion mediante Chemical Looping en
plantas piloto con operacién en continuo. Estos habian sido desarrollados en unidades
de 5-25 kW localizadas en China.

En la actualidad, sin incluir los trabajos desarrollados en esta tesis, se pueden
encontrar un total de 12 trabajos de gasificacion en unidades con operacion en
continuo de entre 1.5 kW: y 1 MW, de los cuales siete han utilizado minerales como
transportadores de oxigeno, uno ha probado un residuo y cuatro han utilizado
transportadores sintéticos. En la Tabla 1.7 se muestra un resumen de los trabajos de
CLG en unidades con operacion en continuo.

35



1. Introduccion

Tabla 1.7. Trabajos con operacidn en continuo en prototipos CLG (en azul: trabajos realizados simultaneamente con el desarrollo de esta tesis).

Transportador Potencia T Gasificacion Combustible Alquitranes G’as d(_e Vida. Lugar Referencia
sintesis media
(kW) (°C) (8/kg) (Nm*/kg) (h)
Fe,0s/Al,0; 10 750-900 Astilla de pino - - - GIEC Huseyin y col. 2014
Fe,0s/ Al,O; 10 670-900 Astilla de pino - 0.86-1.12 - GIEC Weiy col. 2015a
Fe,03/NiO/A,0; 10 760-910 Astilla de pino - 0.88-1.18 - GIEC Weiy col. 2015b
NiO/Al,0; 25 650—-850 Cascara de arroz - 0.40 - SuU Gey col. 2015
CaO/NiO/Al,03 25 750 Céscara de arroz - 0.45 - SuU Gey col. 2015
Hematita 25 800—900 Cascara de arroz - 0.4-0.74 - SuU Geycol. 2016
Hematita 5 865—-915 Carbdn - 0.78-0.97 - SuU Sheny col. 2018
limenita 1.5 820-940 Astilla de pino 3.0-1.3 0.4-0.89 630 ICB-CSIC  Condoriy col. 2021a
Hematita 1.5 820940 Astilla de pino 13.2-5.1 0.39-0.59 300 ICB-CSIC  Condoriy col. 2021b
Mineral de Mn 1.5 820-930 Astilla de pino 20.3-11.5 0.43-0.86 160 ICB-CSIC  Condoriy col. 2021b
Astilla de pino
Residuo LD Slag 1.5 820-930 Hueso de aceituna 4.3-3.1 0.51-1.05 300 ICB-CSIC  Condoriy col. 2021c
Cascara de almendra
limenita 20 801-986 Paja de trigo 35 0.37-0.93 - ICB-CSIC  Condoriy col. 2023
Residuo de madera
limenita 1000 - Residuo forestal - - - TUD Dieringer y col. 2023
Paja de trigo
limenita 1000 700-850 Residuo de madera ~3.3-7.5 0.15-0.45 TUD Marx y col. 2023

Residuo forestal
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El primer trabajo de gasificacion mediante la tecnologia de Chemical Looping operando
en una unidad en continuo fue publicado en 2014 por el Instituto de Conversién de
Energia de Guangzhou (GIEC), perteneciente a la Academia China de Ciencias. En este
trabajo, Huseyin y col. (2014) utilizaron en una planta de 10 kW;, un transportador
compuesto por un 70 % de Fe,03 sobre alimina, preparado mediante mezcla mecanica
para la gasificacion de astilla de pino. El control del oxigeno transferido al reactor de
reduccion se realizaba mediante el control del flujo de circulacion de sdlidos. En la
Figura 1.22 se muestra el esquema de la unidad de 10 kW: del GIEC.
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Figura 1.22. Esquema de la planta piloto de 10 kW: en el GIEC. Fuente: Wei y col.
(2015a).

El resultado de operacién fue satisfactorio, indicando que este material habia
mostrado un buen comportamiento en la operacion en gasificacién, manteniendo su
reactividad y evitando la aglomeraciéon durante toda la campafia experimental
(Huseyin y col., 2014).

Este mismo grupo de investigacién (Wei y col.,, 2015a), estudié con el mismo
transportador el efecto de la temperatura y la relacién oxigeno-combustible, utilizando
también astilla de pino como combustible en la misma planta de 10 kW:. Reportaron
cantidades de gas de sintesis entre 0.86 y 1.12 Nm?3 por kg de biomasa, pero en el
estudio no se indica cual es la cantidad de gas de sintesis obtenida en condiciones de
operacion autotérmicas. En cuanto al transportador de oxigeno, encontraron sintomas
de aglomeracién de Fe después de 60 horas de operacidon en continuo, aunque su
reactividad se mantuvo constante. Con el objetivo de aumentar la cantidad de gas de
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1. Introduccion

sintesis, Wei y col. (2015b) impregnaron con un 0.53 % de NiO el sdlido Fe;03/Al,03
utilizado en los estudios anteriores. El resultado fue un aumento en la cantidad de Hy y
CO y una disminucion de la cantidad de CH4, debido al efecto catalitico del niquel,
obteniendo cantidades de gas de sintesis entre 0.88 y 1.18 m3 por kg de biomasa.

Ge y col.,, (2015) prepararon varios transportadores de NiO sobre Al;03, con
concentraciones de NiO entre el 20 % y el 50 %, para gasificacion de cascara de arroz
en una planta de 25 kW: localizada en la Universidad de Southeast (SU), China. En la
Figura 1.23 se muestra el esquema de la unidad.

Aar reactor

-
Loop-seal Fuel reactor

‘.-"" Biomass

steam
Air N; steam

Figura 1.23. Esquema e imagen de la planta piloto de 25 kW: en SU. Fuente: Ge y col.
(2016).

Los resultados obtenidos en esta instalacidn, variando diferentes parametros de
operacion, fueron comparados con otro transportador de oxigeno de NiO/Al,Os al que
se habia afiadido CaO y con experimentos utilizando arena como lecho. El valor mas
alto de rendimiento a gas de sintesis fue de 0.45 Nm?3 por cada kg de biomasa
alimentada utilizando el transportador con CaO, eliminando el CO; por calcinacién.
Estos investigadores también estudiaron en la misma planta piloto el proceso
utilizando un mineral de hematita. En este trabajo el transportador se diluyé con
arena, para evitar el transporte de oxigeno en exceso. Se concluyd que con un 40 % de
mineral era posible obtener valores de gas de sintesis en torno a 0.75 Nm3/kg de
biomasa.
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El uso de hematita también fue investigado en una unidad de 5 kW: cuyo esquema se
muestra en la Figura 1.24. Esta planta piloto estaba dotada de un doble reactor de
reduccion (FR-1y FR-II) para recircular las particulas de char no gasificado en el primer
reactor, aumentando asi la gasificacion del combustible. Shen y col. (2018) realizaron
experimentos utilizando carbén como combustible y variando diferentes parametros
de operacion como la temperatura, la relacion oxigeno-combustible y el agente
gasificante.

=1 R
Cyclone
FR-1I [
Riser Standpipe
LDy
"
FR-1
n
Air 1 4 FR
Reactor Siphon Coal Loopseal
Aix N2 Steam/N2 N2

Figura 1.24. Esquema de la planta piloto de 5 kW: en SU. Fuente: Shen y col. (2018).

Se obtuvieron valores de rendimiento a gas de sintesis de 0.93 Nm?3/kg, aumentando
este parametro con la temperatura. No obstante, observaron que las elevadas
temperaturas promovian la aglomeracién del mineral de hematita, causando
problemas en las propiedades fluidodinamicas.

Cabe destacar que, si bien estos trabajos ofrecen informacién sobre el efecto de las
diferentes condiciones de operacidon sobre la composicién de gases obtenida, no
detallan aspectos cuantitativos en relacion a la resistencia mecanica de los
transportadores de oxigeno, o la generacién de alquitranes.
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Desde el afio 2019 y de manera paralela a la realizacidén de esta tesis, en el Grupo de
Combustion y Gasificacion del ICB-CSIC se han desarrollado trabajos en unidades de
operacion en continuo involucrando transportadores de oxigeno de bajo coste. Estos
estudios se enmarcan en el proyecto europeo CLARA que tiene como objetivo la
produccién de biocombustibles liquidos a partir de gas de sintesis (CLARA, 2022).
Dentro de este proyecto, y como paso previo al escalado del proceso en unidades de
50 kWt y 1 MW;, Condori y col. (2021a, 2021b, 2021c) utilizaron la unidad de 1.5 kWt
situada en el ICB-CSIC para seleccionar un transportador de oxigeno resistente a las
condiciones de gasificacion. En la Figura 1.25 se muestra la unidad piloto de 1.5 kW:
del ICB-CSIC.

Reactor de
Oxidacién

Sec.
Aire
Reactor de
Reduccién

Aire+N, N, H,0/CO, N,
Figura 1.25. Esquema e imagen de la planta piloto de 1.5 kWt en ICB-CSIC.

Se estudid el efecto de las variables de operacidon (temperatura, relacién vapor-
biomasa y relacidon oxigeno-combustible) sobre los diferentes pardmetros que afectan
al proceso de gasificacion utilizando como transportadores de oxigeno ilmenita,
hematita, un mineral de Mn vy el residuo LD Slag. Aunque todos los transportadores
mostraron valores de gas de sintesis similares (0.6—0.85 Nm3/kg de biomasa a una
relacién oxigeno-combustible ~0.3) y una elevada presencia de hidrocarburos (5-10
%vol), se observaron diferencias significativas en la formacién de alquitranes y en la
vida media de los sdlidos (Tabla 1.7).

En vista a los resultados obtenidos en la unidad de 1.5 kW;, la ilmenita fue el
transportador de oxigeno seleccionado para analizar el escalado en la planta piloto de
50 kWt del ICB-CSIC que se muestra en la Figura 1.26. Una de las principales diferencias
de esta instalacion respecto a la de 1.5 kWt es que esta unidad estaba dotada de un
Carbon Stripper cuya funcidn era recircular el char no gasificado al RR, para evitar que
pasara al RO.
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NB = 1 CO, + H]o
COz co + Hz + CH4

4000

Carbon
Stripper

T Aty

Reactor 2 Yoo

Figura 1.26. Esquema e imagen de la planta piloto de 50 kW; en ICB-CSIC. Fuente:
Condoriy col. (2023).

Condori y col. (2023) llevaron a cabo 40 h de operacién utilizando paja de trigo como
combustible operando a una potencia de 20 kW:. Se variaron condiciones de operacion
como la temperatura, la relacién oxigeno-combustible y el tiempo de residencia del
solido en el RR. En el estudio se concluyd que la temperatura favorecia la generacion
de gas de sintesis, debido al aumento de la velocidad de gasificacién de char en el RR.
Aligual que en la unidad de 1.5 kW4, observaron una elevada concentracién de metano
e hidrocarburos ligeros en el gas de salida, cuya conversién no se veia afectada por las
condiciones de operacidn. Por otra parte, se encontraron valores de alquitranes de 3.5
g/kg de biomas seca, siendo el benceno el compuesto mayoritario.

Debido a las pequefias dimensiones de las unidades descritas anteriormente, todos los
trabajos realizados en estas instalaciones se habian llevado a cabo utilizando hornos
eléctricos para aportar energia al proceso. Por ello, en el afio 2023, y como parte final
del Proyecto CLARA, Dieringer y col. (2023) y Marx y col. (2023), utilizaron una unidad
BCLG de 1 MW;, localizada en Universidad Tecnoldgica de Darmstadt (TUD), con el
objetivo de demostrar la viabilidad del proceso en condiciones autotérmicas. En la
Figura 1.27 se muestra el esquema y la imagen de la planta.
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Figura 1.27. Esquema e imagen de la planta piloto de 1 MW: en TUD. Fuente: CLARA
(2022).

Los trabajos realizados en esta unidad utilizaron ilmenita para la gasificacion de
distintas biomasas en condiciones autotérmicas. Dieringer y col. (2023) demostraron
de manera experimental la viabilidad del proceso para generar gas de sintesis sin
necesidad de un aporte externo de energia durante 130 h de operacién, utilizando
diferentes tipos de biomasa como combustible. Sin embargo, al igual que habia
ocurrido en las plantas de menor tamafio, se observd que el gas de sintesis contenia
cantidades significativas de CHs e hidrocarburos ligeros y también alquitranes.

Por tanto, teniendo en cuenta la escasa capacidad de mejora del proceso mediante el
uso de transportadores minerales y residuos (los mas utilizados en unidades de
operacion en continuo) se identific6 como linea prioritaria de investigaciéon la
obtencidén de transportadores sintéticos capaces de mantener su integridad quimica y
mecanica durante un gran numero ciclos redox. Ademas, dichos transportadores de
oxigeno deberian ser capaces de minimizar las cantidades de hidrocarburos ligeros y
alquitranes generados en el proceso con el objetivo de maximizar el rendimiento a gas
de sintesis y simplificar las posteriores etapas de tratamiento de limpieza del gas.
Como se ha visto en la seccidén 1.2, en estos momentos se sitla como una oportunidad
la generacion de biocombustibles y productos quimicos renovables a partir de CO y Ha,
lo que requiere un gas de sintesis de alta pureza.
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2. OBJETIVOS Y PLAN DE TRABAJO

2.1. Objetivos

El objetivo general de esta tesis doctoral es el desarrollo del proceso gasificacion

autotérmica de biomasa mediante tecnologias de Chemical Looping para la produccién

de H, y CO de caracter renovable y alta pureza. Esta meta abarca varios propdsitos que

van desde el estudio de transportadores resistentes para el proceso de gasificacion

hasta la mejora de la calidad y aumento de la cantidad de gas de sintesis. Por ello, se

fijaron los siguientes objetivos especificos:

Desarrollar transportadores sélidos de oxigeno con elevada vida media, es
decir, resistentes para el proceso de gasificacion de biomasa, donde las
condiciones reductoras afectan a la integridad del sélido. Adema3s, es necesario
que el sélido preserve una elevada reactividad a lo largo de los ciclos redox,
siendo capaz de reaccionar rapidamente con los volatiles y productos de
gasificacién durante toda la operacion.

Investigar la influencia de las condiciones de operacién sobre los pardmetros
del proceso de gasificacion de biomasa con la tecnologia de Chemical Looping.

Evaluar las propiedades cataliticas de los transportadores sélidos de oxigeno
sobre las reacciones de conversién de hidrocarburos ligeros y alquitranes.
Aparte de presentar una elevada resistencia mecanica, se requiere que el
transportador sea capaz de reformar los hidrocarburos generados en Ia
desvolatilizaciéon de la biomasa para obtener una mayor cantidad de gas de
sintesis. Asimismo, es necesario que el gas obtenido contenga el nivel mas bajo
posible de alquitranes.

Optimizacién/simulacidn del proceso BCLG para determinar las condiciones de
operacion que permiten maximizar la obtencion de gas de sintesis en
condiciones autotérmicas. Esto requiere analizar el método de control de
oxigeno y el resto de variables de operacidon que afectan al balance energético.
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2.2. Plan de trabajo
Para cumplir los objetivos propuestos se planted el siguiente plan de trabajo:

Inicialmente se evalué en la planta piloto de 1.5 kW: un transportador de oxigeno
consistente en un 20 % de Fe;03 sobre Al;03, cuyo uso habia sido probado con
anterioridad en CLC para la combustidon de diferentes combustibles ofreciendo unos
resultados positivos. Se utilizaron astillas de pino como combustible y se analizo la
influencia de las condiciones de operaciéon sobre los pardmetros del proceso de
gasificacion de biomasa con la tecnologia BCLG. Se obtuvieron resultados
prometedores en los rendimientos del proceso, pero se observé una alta degradacién
del transportador de oxigeno, lo que daba lugar a una baja vida media (Articulo I). Tras
analizar el comportamiento de este transportador de oxigeno en gasificacion, se
prepararon dos nuevos transportadores de oxigeno similares al anterior pero con un
10 % y 25 % de Fe;03 sobre Al,03 para analizar el efecto del contenido de Fe;Os sobre
su resistencia mecdnica y por tanto en su vida media. Ambos fueron probados en la
unidad de 1.5 kW, usando astillas de pino como combustible para determinar el
efecto de las principales variables operacionales sobre los flujos y composicién de
gases obtenidos, parametros de gasificaciéon y generacidn de alquitranes, asi como la
resistencia de las particulas a los ciclos redox. Se observé que la vida media util del
transportador de oxigeno aumentaba al disminuir el contenido en Fe,0s3 (Articulo Il).

A partir de los resultados obtenidos en los dos trabajos anteriores, se decidié estudiar
el mecanismo que actuaba en la degradacion de los transportadores Fe;03/Al,03 para
poder adaptar las condiciones de operacidn y asi maximizar su resistencia mecdnica y
por lo tanto su vida media (Articulo Ill). Con estos trabajos se cumplid el objetivo de
obtener un transportador sélido de oxigeno de larga vida media, y ademas se sentaron
las bases para maximizar su resistencia mecanica en funcién de las condiciones de
preparacion y operacion.

A continuacion, y con el objetivo de mejorar la cantidad y calidad del gas de sintesis, se
investigaron las propiedades cataliticas de los transportadores sélidos de oxigeno
sobre el reformado y craqueo de los hidrocarburos y alquitranes que aparecian en el
gas de sintesis generado en el proceso BCLG. Este estudio se realizé en el Instituto de
Carboquimica y en la Universidad Tecnolégica de Chalmers en lecho fluidizado
discontinuo y constituye los trabajos de los Articulos IV y V. Se evalud el efecto de
diferentes transportadores de oxigeno sobre las reacciones de eliminacion de CHa
(Articulo IV) y C2Ha y CeHs (Articulo V).

El transportador de oxigeno con el que se obtuvieron los mejores resultados en estos
estudios fue el compuesto por un 14 % de CuO sobre Al,03 por lo que posteriormente
se decididé evaluar su comportamiento durante la gasificacion de biomasa en la planta
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piloto de 1.5 kW: (Articulo VI). En dicha experimentacion se confirmaron los resultados
anteriormente observados en los lechos fluidizados discontinuos.

Finalmente, se realizd un estudio tedrico basado en balances de materia y energia para
optimizar la operacion del proceso BCLG en condiciones autotérmicas (Articulo VII).
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3. EXPERIMENTAL

3.1. Transportadores sélidos de oxigeno

Para la realizacién de esta tesis se utilizaron principalmente tres transportadores
sintéticos basados en hierro y un transportador sintético basado en cobre, utilizando
en todos los casos alumina —y-Al,03— como soporte. Para la seleccién de los
transportadores se tomé como punto de partida la experiencia en el uso de estos
sélidos investigados previamente en procesos de Chemical Looping Combustion (CLC).
En base a los resultados obtenidos inicialmente en CLC y atendiendo a los criterios de
aumento de la resistencia mecanica del sélido y mejora de la calidad del gas de
sintesis, se prepararon nuevos transportadores de oxigeno con caracteristicas
especificas para el proceso BCLG. Ademds, en algunos de los estudios realizados
también se utilizaron transportadores de oxigeno naturales (minerales y residuos), con
el objetivo de comparar los transportadores sintéticos con los naturales.

3.1.1. Caracterizacion fisico-quimica de los fransportadores de oxigeno

Los materiales preparados en esta tesis se caracterizaron mediante diversas técnicas
tanto en su estado fresco como después de ser usados en las diferentes instalaciones
experimentales que se describirdn posteriormente. La resistencia a la fractura del
sélido (dureza), medida en Newtons, se determindé mediante un dinamémetro Shimpo
FGN- 5X tomando como resultado la media aritmética de 20 mediciones. En general,
valores altos de dureza se relacionan con una elevada resistencia del transportador a la
atricion, incrementando la vida media del sélido. Por el contrario, una baja resistencia
a la fractura indicara que el sélido es poco resistente a la abrasidn, dando lugar a una
elevada atricién y por tanto la vida media se vera comprometida.

La densidad esquelética de las particulas se midié utilizando un picndmetro de helio
Micromeritics AccuPyc Il 1340, y la porosidad se determind mediante intrusion de
mercurio en un Quantachrome PoreMaster 133. Para calcular la superficie especifica
de las particulas se determiné el area BET utilizando un ASAP2020 de Microactive
software. El contenido metdlico de las particulas se determind mediante
espectrometria de emisién dptica con fuente de plasma por acoplamiento inductivo
(ICP-OES) en un espectrometro Xpectroblue-EOP-TI FMT26 (Spectro). La determinacién
de especies cristalinas se realizd mediante difraccion de rayos X utilizando un
difractdbmetro D8 Advance A25 polycrystalline powder X-ray. Con esta técnica se
analizaron las diferentes fases de éxido metalico presentes en el sélido fresco y usado,
en estado oxidado y en estado reducido. La microestructura de las particulas se analizé
mediante microscopia electrénica de barrido (SEM), usando un microscopio Hitachi S-
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3400N acoplado a un detector de Roentec XFlash Si (Li Si/Li) para detectar la energia
dispersiva de Rayos X (EDX).

3.1.2. Preparaciéon de fransportadores de oxigeno basados en hierro

La preparacién de los transportadores de oxigeno basados en hierro se realizé
mediante el método de impregnacidon humeda incipiente en caliente. Como soporte se
utilizé y-alimina (Puralox NWa-155, Sasol Germany GmbH) con un tamafio de particula
de entre 100 y 300 um, porosidad de 55.4 % y densidad 1.3 g/cm3. Este soporte se
precalenté hasta 80 °C en un mezclador planetario con agitacidon constante y se le
afadié lentamente una disolucién saturada 3.8 M de nitrato de hierro, Fe(NO3)3-9H,0,
calentada a 60—80 °C. La cantidad o volumen de disolucion afadida correspondié con
el volumen total de poros del soporte, impregnando 0.45 ml de disolucién por cada
gramo de alimina en la primera impregnacién. Tras la impregnacioén, el material se
calcind en una mufla a 550 °C, en atmdsfera de aire durante 30 minutos, para
descomponer el nitrato a éxido, recuperando asi las particulas parte de su volumen de
poros inicial. La repeticién de este proceso, realizando impregnaciones sucesivas, dio
lugar a transportadores con diferentes contenidos de Fe O3 en Al;03, pudiendo
prepararse asi sélidos con diferentes capacidades de transporte de oxigeno, Roc. No
obstante, el llenado de poros impone una limitacién en el nimero de impregnaciones
posibles. La preparacién se finalizé con la calcinacidon del sélido en una mufla en
atmdsfera de aire a 950 °C durante 60 minutos, lo que permitié incrementar la dureza
del transportador de manera notable.

Siguiendo este método, inicialmente se prepard un transportador de oxigeno con un
contenido de 20 % de Fe;Os (dos impregnaciones), denominado Fe20Al.
Posteriormente se prepararon dos nuevos transportadores de oxigeno, con un 10 %
(una impregnacion) y 25 % (tres impregnaciones) de Fe;0s, denominados
respectivamente FelOAl y Fe25Al. En la Tabla 3.1 se muestran las caracteristicas
principales de los transportadores de oxigeno preparados tras la calcinacién.
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Tabla 3.1. Propiedades fisico-quimicas de los transportadores Fe;03/Al,0s.

FelOAl Fe20Al Fe25Al

Numero de impregnaciones 1 2 3
Contenido en Fe;03 (%) 10 20 25
Diametro de particula (um) 100-300 100-300 100-300
Densidad esquelética (kg/m?3) 3744 3950 4105
Dureza (N) 1.8 1.5 1.6
Porosidad (%) 50.2 45.6 44 .4

Capacidad de transporte de oxigeno, Roc  0.010 0.020 0.025
Superficie especifica, BET (m?/g) 60.9 37.7 19.7

Fases cristalinas, XRD Fe,0s, a-Al,03, 0-Al;03

a: contenido de Fe determinado mediante ICP-OES.

3.1.3. Preparacion del fransportador de oxigeno basado en cobre

El transportador de oxigeno basado en cobre se preparé mediante el método de
impregnacion huimeda. Se utiliz6 como soporte y-alimina (Puralox NWa-155, Sasol
Germany GmbH) con un tamafio de entre 100 y 300 um, porosidad de 55.4 % vy
densidad 1.3 g/cm3. A este soporte se le afiadié una cantidad de disolucidn saturada de
nitrato de cobre 5.4 M correspondiente al volumen total de poros de la alumina. A
continuacion, el sélido fue calcinado durante 30 minutos a 550 °C en atmésfera de aire
para descomponer el nitrato. Finalmente, el sélido se calcind en mufla a 850 °C
durante una hora para aumentar la dureza del transportador. El contenido total en
peso de CuO al final del proceso de preparacion fue del 14 %, por lo que se denomind
a este sdlido como Cul4Al_ICB. En la Tabla 3.2 se muestran las caracteristicas
principales del transportador de oxigeno tras la calcinacion.
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Tabla 3.2. Propiedades fisico-quimicas del transportador Cu14Al_ICB.

Cul4Al_ICB
Numero de impregnaciones 1
Contenido en CuO (%)? 14
Diametro de particula (um) 100-300
Densidad esquelética (kg/m3) 3699
Dureza (N) 2.5
Porosidad (%) 38.4
Capacidad de transporte de oxigeno, Roc 0.028
Superficie especifica, BET (m?/g) 79.4
Fases cristalinas, XRD CuO, CuAl,0g4, y-Aly03, 6-Al;03

a: contenido de Cu determinado mediante ICP-OES.
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3.2. Biomasa

En esta tesis se utiliz6 como combustible astilla de pino procedente del municipio de
Ansé (Huesca). La biomasa, una vez estabilizada, se tamizé para obtener un tamafio de
particula entre 0.5 y 2 mm. En la Tabla 3.3 se muestran los andlisis inmediato y
elemental de este combustible, obtenidos segun las normas UNE.

Tabla 3.3. Analisis inmediato y elemental de la biomasa

Analisis inmediato (%, recibida)

Humedad (EN 14774-3) 5.0
Cenizas (EN 14775) 0.3
Volatiles (EN 15148) 79.9
Carbono fijo (por diferencia) 14.8

Analisis elemental (%, base seca)®

C 53.7
H 6.1
N 0.1
S 0.0¢
O (por diferencia) 39.8

PCI (kJ/kg de biomasa seca) (EN 14918) 19309
Qb (mol O/kg de biomasa seca) 95.3

b: determinado en un analizador Thermo Flash 1112.
¢: por debajo de los limites de deteccién del equipo.
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3.3. Analizador termogravimétrico (TGA)

Uno de los parametros mas importantes en lo relativo al transportador de oxigeno es
su capacidad para transportar oxigeno, que ademds debe ser mantenida en el tiempo
durante la realizacion de los ciclos redox. Adicionalmente, las particulas de
transportador deben mantener una elevada reactividad durante toda la operacion,
tanto en la etapa de reduccién como de oxidacion.

La técnica de caracterizacién utilizada para determinar la capacidad de transporte de
oxigeno y reactividad de los transportadores fue el andlisis termogravimétrico (TGA),
que consiste en la medicién de la variacién de la masa del transportador cuando es
sometido a gases reductores y oxidantes a alta temperatura. EIl cambio de masa
registrado por la pérdida o ganancia de oxigeno causada por los gases, asi como la
velocidad a la que el transportador gana o pierde esta masa, ofrecen una informacién
importante sobre las propiedades del 6xido metdlico y su interaccién con el soporte.

3.3.1. Descripcion del equipo

El equipo experimental utilizado en esta tesis consistia de un sistema de alimentacion
de gases, mediante medidores/controladores de flujo masico, una termobalanza Cl
Electronics y un sistema de recogida de datos, tal y como se muestra en la Figura 3.1.

Microbalanza

A
N, de purga—— |
Salida de
|_ gases
.
N y v |
Entrada de gases
Aire g Condensador Adquisicién
N, x de datos
N, p¢—
Cestilla con
H,0 muestra
CO »¢-
CO, P4
cH,»¢{ X X
H2 ' '
N, 4 e yETmOpAM

Figura 3.1. Esquema de la termobalanza del ICB-CSIC.
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La termobalanza consistia en un reactor formado por dos tubos concéntricos de cuarzo
(24 mm d.i. y 10 mm d.i.) localizados dentro de un horno eléctrico con capacidad de
alcanzar temperaturas de hasta 1200 °C. Dentro del reactor se colocaba la muestra en
una cestilla de malla de platino, suspendida mediante varillas conectadas a una
microbalanza que se encuentra en la parte superior del equipo. Las variaciones de
masa en la cestilla eran medidas por la microbalanza y enviadas a la adquisicion de
datos. Los gases se alimentaban por la parte superior del reactor, para ser
precalentados antes de alcanzar la cestilla donde se localizaba el transportador,
situada en el centro del reactor.

El caudal de gases normalmente utilizado fue de 25 In/h, con el objetivo de minimizar
la resistencia a la difusion del gas en la capa limite de las particulas. Asimismo, por la
cabeza de la termobalanza se introducia un flujo constante de 9 In/h de N; para evitar
que el mecanismo interno de la microbalanza fuera afectado por los gases de reaccion.
Dependiendo del tipo de experimento realizado, se utilizaron diferentes gases de
reduccion: H, o mezclas compuestas por 15 % Ha + 20 % H,0O y 15 % CO + 20 % CO;
(resto N3). El vapor de H,0 o CO; en la reduccién se alimentd para evita una reduccién
demasiado elevada del sélido (reduccién a FeP), imitando asi unas condiciones
similares a las de gasificacién donde se introduce o produce una cantidad importante
de H,0 y/o CO,. El agua se alimentaba en fase vapor saturando el gas reactante, el cual
pasaba por un borboteador rodeado con resistencias eléctricas que le permitian estar
a la temperatura deseada. Posteriormente, las lineas estaban calefactadas hasta la
propia entrada del reactor para evitar su condensacién. Por otra parte, el uso de CO;
junto con CO evitaba la formacién de carbonilla por descomposicién del CO mediante
la reaccion de Boudouard (R20).

2CO —> C+CO, R20

Para la oxidacién se utilizd O, o una mezcla de este con Ny y entre cada etapa de
reduccion y oxidacién se realizd una purga con N2 puro. Tras reaccionar con el
transportador de oxigeno, los gases abandonan el reactor por el tubo interior de 10
mm de diametro.

El sistema estaba disefnado y tenia un sistema de control que permitia realizar tanto
ciclos redox de manera manual como establecer una programacién automatica
pudiendo repetir una sucesion de ciclos redox sin necesidad de accionar manualmente
el cambio de gases.
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3.3.2. Tratamiento de datos

A partir de la variacion de masa registrada en el ciclo o ciclos redox se calculd la
cantidad de sdlido que habia sido convertida en la reduccién (Xred) u oxidacidon (Xoxi)
mediante las siguientes ecuaciones:

m. .— m
Xred= = (3)
Mo, — mred

OoxiI
Xoxi=1 - Xred (4)
donde m era la masa total del sélido a cada tiempo de reaccidn, moxi la masa del sélido
en su estado oxidado y meq la masa del sélido en su forma reducida. La diferencia
entre la conversion de oxidacién y la conversion de reduccidn define la variacién de
conversion del sélido AXs (%):

AXS =Xoxi - Xred (5)

La capacidad de transporte del sdélido, Roc, se determind a partir de la diferencia entre
la masa del transportador en estado oxidado y en estado reducido:

m._—m
Roc= oxi red (6)

m

oxi
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3.4. Reactor de lecho fluidizado discontinuo de CUT

Esta instalacidn localizada en la Universidad Tecnolégica de Chalmers en Gotemburgo
(CUT), Suecia, permitia un control preciso de las condiciones de trabajo (caudal gases
de reaccidn, temperatura, etc) en un reactor de lecho fluidizado discontinuo y disponia
de sistemas de alimentacidén y analisis de benceno y etileno. En ella se realizé una
campafa experimental durante una estancia de tres meses, en la que se pretendia
analizar y comparar el efecto de los transportadores de oxigeno en la reaccién con los
alquitranes o subproductos de alquitranes e hidrocarburos, determinando asi la
capacidad de los transportadores en la conversion y eliminacién de estos compuestos.

3.4.1. Descripcidon del equipo

El equipo consistia en un reactor de cuarzo de 22 mm de didametro interno emplazado
en un horno eléctrico, un sistema de controladores de flujo masico para la
alimentacion de gases, un analizador FTIR en via himeda, un condensador de vapores,
un analizador de gases en seco y un sistema de recogida de datos. En la Figura 3.2 se
muestra un esquema del equipo.

Venteo ]
4
H i T e —
Are s N, Sy G
Venteo ' \
_________ c Condensador
K © P
u —
N, _,\ ’&l_ Q’EJ_ §
L £ Analizador Adquisicién
[Ny + CoHe | 3 2 de gases de datos
---------- 5
i 7]
Y ‘ﬁa E
- Venteo
H,0 —|

___________

Combustible %%l_ ......................

Figura 3.2. Lecho fluidizado discontinuo de la Universidad de Chalmers.

El vapor de agua se generaba en un vaporizador Bronkhorst CEM y entraba por la parte
inferior del reactor con el resto de gases de reduccidon que se alimentaban desde un
conjunto de botellas mediante controladores de flujo masico conectados con
electrovalvulas. La funcién de las electrovalvulas era realizar cambios rapidos en la
entrada de gases, ya que permitian el paso de la corriente continua de gas, hacia el
reactor o el venteo. Los gases de entrada pasaban a través de una placa distribuidora
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localizada en la parte central del reactor reaccionando con el transportador de
oxigeno.

Como gas de reduccién se introducia durante 1000 s, 1 In/min de una mezcla de gases
y N2. La mezcla de gases libre de N, contenia 37.2 %vol H,0, 26.1 %vol CO, 9.1 %vol
CO;, 14 %vol Hy, 8.5 %vol CHa, 3 %vol CHa y 2.1 %vol de CeHe. El benceno se
alimentaba saturando una corriente de 300 ml/min de N; que pasaba por un recipiente
conteniendo el benceno liquido enfriado a 6 °C. La salida de gas se producia por la
parte superior del reactor, desde donde llegaba a un analizador FTIR Thermo-Scientific
iS650 en el que se determinaba la concentracion de H,0, C;Ha y CeHs. A continuacidn el
vapor se condensaba y la corriente de gas en base seca se analizaba en un analizador
NGA Rosemount 2000 donde se determinaba la concentracién de CO,, CO, H, y CHa.
Como agente oxidante se utilizé una corriente de 1 In/min con un 5 %vol O, durante
1200 s. Entre cada etapa se purgaba el reactor pasando una corriente de 1 In/min de
N2 durante 300 s. El reactor disponia de dos sondas de presion situadas a la entrada y
salida de gases para asegurar que se producia una fluidizacion correcta del reactor. La
temperatura se controlaba mediante dos termopares tipo-K, localizados dentro del
reactor, uno en el interior del lecho y otro debajo de la placa distribuidora.

3.4.2. Tratamiento de datos

Con los datos de concentracion de gases obtenidos en el lecho fluidizado discontinuo
se calculd la conversion (X;) de CHa, CoHa y CsHs (%) con la ecuacion (7):

Qin - Xi,out. Q

X‘ L.
XI(%)z i,in out .100 (7)

' . .
i,in in

donde Xiin Y Xiout SON las fracciones del compuesto i a la entrada y salida del reactor
mientras que Qin Y Qout Son los flujos de gas total a la entrada y salida del reactor
(Nm?3/h).

Las conversiones se calcularon en el estado estacionario o pseudoestacionario
(mesetas como las de la Figura 3.3) y fueron conversiones promedio durante todo el
estado estacionario o pseudoestacionario.
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Figura 3.3. Perfil de la composicion de gases a la salida del reactor de lecho fluidizado

discontinuo de Chalmers utilizando ilmenita a una temperatura de 850 °C.
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3.5. Reactor de lecho fluidizado discontinuo del ICB-CSIC

El reactor de lecho fluidizado discontinuo instalado en el ICB-CSIC fue utilizado en el
estudio de la capacidad catalitica de los transportadores de oxigeno en la reaccién de
reformado de metano para la generacién gas de sintesis, lo que se planteé como un
objetivo de la tesis de cara a obtener una mayor cantidad de CO y Ha.

Los experimentos consistieron en realizar la reduccién del transportador de oxigeno
con una composicién de gases similar a la que se generaba en condiciones de
gasificacidon. Una vez el transportador alcanzé el estado mas reducido permitido por la
composicion de gases utilizada (equilibrio termodindmico), se introdujo una corriente
de metano, determinandose la cantidad de CHs4 convertida por cada transportador.

3.5.1. Descripcion del equipo.

La instalacion experimental estaba compuesta por un sistema de alimentacién de
gases con diferentes medidores-controladores de flujo masicos, un reactor de Kanthal
(0.054 m de diametro interno, 0.5 m de altura sobre la placa distribuidora con una
zona de precalentamiento de 0.3 m) acoplado en un horno eléctrico y un sistema de
analisis de gases y recogida de datos. La temperatura se midié con un termopar tipo-K
localizado en medio del lecho, en el interior del reactor, y la perdida de carga mediante
la diferencia de presién a la entrada y salida del reactor. La presencia de aglomeracién
se podia detectar rapidamente por la bajada en la pérdida de carga. En la Figura 3.4 se
muestran un esquema simplificado del equipo.

e e B o o o
b o o B o
Filtros
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Venteo « pgq o
©
©
X
O —pe— Adquisicién
co, >< PN, de datos
CH, —P4— e,
H, >¢ | —P>4— Aire
N, —pet— > >4

Figura 3.4. Esquema del lecho fluidizado discontinuo del ICB-CSIC.
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Los gases se alimentaban desde botellas mediante controladores de flujo masico que
estaban conectados a un control automatico que permitia una transicion rapida de
unos gases a otros. El agua se alimentaba con una bomba peristaltica a un evaporador
situado a la entrada del reactor donde se introducia junto con los gases de reduccién.
La mezcla de vapor y el resto de gases reaccionaba con el transportador, causando su
reduccion hasta el estado mas reducido permitido por las condiciones experimentales
(equilibrio termodindmico). Una vez habian reaccionado con el transportador, los
gases abandonaban el reactor pasando por un sistema de filtros que recogian las
particulas finas de sdlido elutriado y evitaban que los finos llegaran al analizador de
gases. A continuacidn, el gas pasaba por un refrigerador donde el vapor de agua se
condensaba. Finalmente, la composicién del gas se media en un analizador Siemens
Ultramat 23.

Los experimentos se realizaron utilizando 300 g de cada uno de los transportadores de
oxigeno, tanto de los preparados para esta tesis (Fe10Al, Fe20Al, Fe25Al y Cul4Al_ICB)
como con otros transportadores de oxigeno de origen natural (ilmenita, minerales de
Fe y minerales de Mn), residuos (LD Slag) y con un inerte (arena). Ademas, con efectos
comparativos, también se utilizé un transportador sintético basado en Ni (Ni18Al). La
velocidad superficial del gas fue de ~0.10 m/s lo que permitié una buena fluidizacion
del transportador. Al inicio el transportador se calentaba en atmdsfera inerte (N2),
siendo después reemplazado el nitrégeno por una corriente de 285 In/h de H,O, CO,
CO; y Hj. Tras reducirse el transportador de oxigeno y alcanzarse el estado
estacionario, se introdujeron 15 In/h de CH4, dando lugar a una composicion de gas de
entrada de 35 %vol H;0, 22 %vol CO,, 15 %vol CO, 23 %vol Ha, y 5 %vol CHa.

Se realizaron experimentos con una duracidn minima de 15 minutos de alimentacion
de metano a tres temperaturas (820 °C, 880 °C y 940 °C) y a cada temperatura el
experimento se repitié dos veces para obtener una mayor fiabilidad de los resultados.
Finalmente, los transportadores de oxigeno se enfriaron en atmdsfera de N, para
evitar su oxidacion, pudiendo determinarse mediante difraccion de Rayos X (XRD), las
fases reducidas alcanzadas por el transportador de oxigeno.
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3.5.2. Tratamiento de datos

La conversién de metano (Xcna) se determind calculando la diferencia entre el flujo
molar de CH4 alimentado y el flujo molar de CHa a la salida, de acuerdo con la ecuacién

(8).

Founm— F
XCH4 (%)= CH4,|nF CH4,out 100 (8)

CH4,in

donde Fcuain ¥ Fcraout representan el flujo molar de CHs alimentado y a la salida
respectivamente.
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3.6. Planta piloto de gasificacion en continuo del ICB-CSIC

En la unidad de BCLG de 1.5 kW: del ICB-CSIC se realizaron experimentos de
gasificacidon con los cuatro transportadores de oxigeno comentados en la seccion 3.1y
utilizando la biomasa descrita en la seccién 3.2.

La planta piloto, disefiada inicialmente para CLC, fue adaptada para el proceso BCLG,
siendo lo suficientemente flexible para poder evaluar diferentes condiciones de
operacion como temperatura, relacion agente gasificante-biomasa y relacion oxigeno-
combustible. De este modo se estudid el efecto de los diferentes pardmetros de
gasificacidon en un intervalo amplio de condiciones.

3.6.1. Descripciéon de la unidad

La unidad de 1.5 kW, cuyo esquema se muestra en la Figura 3.5, estaba compuesta
por dos reactores de lecho fluidizado interconectados, el reactor de reduccién, RR, (1)
y el reactor de oxidacién, RO, (3) unidos en la parte inferior por un cierre en forma de
“U”, también llamado loop seal (2). Por la parte superior los reactores se unian a través
de un riser (4) que transportaba los sélidos del RO al RR, pasando por un ciclén de
recuperacién de sélidos (5) y una valvula de control de la circulacion (7).
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Figura 3.5. Esquema de la planta piloto de 1.5 kW: del ICB-CSIC.

El RR consistia en un lecho fluidizado burbujeante de 5 cm d.i. y 20 cm de altura de
lecho. En la parte inferior del reactor se encontraba la entrada de gas de fluidizacién
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(H20, CO2 0 una mezcla de ambos), que era a su vez utilizado como agente gasificante.
En los experimentos realizados para esta tesis se utilizé un flujo de 130 In/h de vapor
de agua, equivalente a una velocidad superficial de gas de 0.08 m/s a 900 °C. El RR
estaba conectado lateralmente a dos tornillos sinfin (9), que alimentaban la biomasa.
El sinfin rapido giraba a una velocidad constante para introducir de manera rdpida la
biomasa al RR, mientras que el tornillo sinfin lento permitia variar su velocidad de giro
para ajustar la cantidad de biomasa alimentada, que en este caso se establecié en
~200 g/h. El sinfin rapido estaba rodeado de una camisa de agua que se utilizaba como
refrigerante para evitar la pirdlisis de la biomasa antes de la entrada al reactor.
Ademas, para evitar retroceso de gases hacia la tolva de alimentacién de biomasa, en
la entrada de la biomasa se introducia una corriente de 18 In/h.

Tras la alimentacion de la biomasa en el RR, esta era desvolatilizada, mientras que el
transportador se reducia por efecto de los volatiles y productos de gasificacién. El char
generado en la desvolatilizaciéon era gasificado por efecto del vapor alimentado para
fluidizar el RR. Teniendo en cuenta la biomasa alimentada (200 g/h) y el caudal de
vapor introducido al RR (130 In/h), en esta tesis se trabajé con una relacién de 0.6 kg
de vapor por cada kg de biomasa (en base seca).

El sélido reducido en el RR pasaba al loop seal, un reactor de 3 cm d.i. fluidizado con
una corriente de 90 In/h de Na. La forma de “U” de este reactor permitia el paso del
sélido y evitaba la mezcla de gases del RR y RO. Puesto que la unidad no disponia de un
sistema de separacidon de carbono (Carbon Stripper), era posible que junto con el
sélido que circula al RO pasase char no gasificado en el RR. Parte de este carbono era
guemado por el contacto con el aire alimentado en el RO, emitiéndose CO; a la
atmdsfera, y parte era recirculado de nuevo al RR.

La oxidacion del transportador de oxigeno tenia lugar en el RO, un reactor de lecho
fluidizado burbujeante de 8 cm d.i. y 15 cm de altura de lecho que estaba fluidizado
con una mezcla de 2100 In/h de nitrégeno vy aire, dando lugar a una velocidad de gas
~0.5 m/s a 900 °C. Tras la oxidacidn, el transportador de oxigeno ascendia por el riser
(4) hacia el ciclén que separaba los sélidos del gas y los depositaba en un reservorio
conectado a la valvula de control del flujo de soélidos. Esta valvula, junto con el
reservorio de sdélidos, ademas de permitir controlar la circulacién de sdlidos evitaba la
mezcla de gases del RR y RO en la parte superior. Finalmente, el transportador de
oxigeno ya regenerado entraba de nuevo en el RR, donde aportaba el oxigeno y calor
necesarios para que tuviesen lugar las reacciones de gasificacion.

Una valvula de sdlidos (6) permitia la desviacién de sélidos hacia un recipiente durante
un tiempo determinado, lo cual posibilitaba medir el flujo de sélido que circulaba en la
planta (Fs). En los experimentos realizados en esta tesis se mantuvo fija la circulacién
de sélidos en torno a 12 kg/h.
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La planta piloto disponia de dos puntos donde era posible tomar muestra de sélidos
del RR y RO sin necesidad de parar la operacién. Las muestras del RO se tomaban en la
valvula de desviacién de sdlidos utilizada para medir la circulaciéon (6), y las muestras
del RR se obtenian de una toma de muestras situada entre el RR y el loop seal (17).
Ambas tomas de muestras constan de sistemas de doble valvula que permitia el
enfriamiento del transportador de oxigeno en la propia unidad evitando asi la
oxidacion del transportador con el aire del ambiente.

El gas de salida del RO, tras pasar por el ciclon donde se recuperaban los sélidos que
salian del reactor, era enviado a la chimenea. Parte de este gas era bombeado hacia un
analizador de gases donde tras pasar varios filtros que evitaban la llegada de particulas
finas al analizador (13), se determinaba de forma continua su composicidn. Las
concentraciones de CO, CO, y O, procedentes del RO se median utilizando un
analizador Siemens Ultramat/Oxymat 6.

En el RR, la corriente de gases abandonaba el reactor por la parte superior vy, tras pasar
por un ciclén de alta eficiencia donde se recuperaban las particulas elutriadas, era
dividida en dos corrientes. Una parte del gas era bombeado hacia los sistemas de
analisis de gases mientras que el resto era llevado a un postcombustor (18). En el
postcombustor el gas que no habia sido enviado a analizar era quemado con O3 puro
para evitar el riesgo de intoxicacion y de inflamacién causado por los productos de
gasificacién. Asimismo, la combustiéon de estos gases con un flujo de O, conocido
permitia un mejor conocimiento de los flujos de carbono e hidrégeno y por tanto era
de gran ayuda para realizar los balances de materia. La concentracion de CO, CO, y O;
a la salida del postcombustor se media en continuo utilizando un analizador Siemens
Ultramat/Oxymat 6.

La parte del gas del RR bombeado al sistema de analisis pasaba inicialmente por el
sistema de recogida de alquitranes (12), establecido a tal efecto segun el Protocolo
Europeo de recogida de alquitranes (Simell y col.,, 2000). Este sistema estaba
compuesto por ocho borboteadores; dos de ellos emplazados en un bafo a 0 °C
(condensacion principalmente del H,0), y seis en un bafo a -20 °C (condensacion de
alquitranes), estando el primer y ultimo borboteador vacios y el resto con cantidades
de isopropanol de entre 50 y 100 ml. El agua recogida en los borboteadores se
cuantific6 mediante el método Karl-Fischer en un titrador Mitsubishi KF-31.
Posteriormente, se determinaron y cuantificaron los compuestos recogidos en el
isopropanol utilizando un cromatdgrafo de gases acoplado a un espectrémetro de
masas (Shimadzu GC-2010 Plus + GCMSQP2020). La calibracién del espectrémetro se
realizé utilizando tres estdndares: benceno 99.8 % pureza, naftaleno 99 %+ pureza, y
una disolucién certificada de referencia EPA 525 PAH MIX-A de 13 analitos con una
concentracién de 500 ug/ml de cada componente en diclorometano. Se prepararon
cuatro disoluciones con diferentes concentraciones del estandar de referencia. Tras
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pasar el gas por el sistema de recogida de alquitranes y después de pasar por varios
filtros que evitan la posible llegada de particulas a los analizadores, el flujo de gas del
RR era medido por un rotametro y un contador volumétrico y finalmente enviado a los
analizadores. Las concentraciones de CO, CO; y CHs se midieron mediante un
analizador de infrarrojo no dispersivo Siemens Ultramat 23 y la concentracién de H; se
determiné mediante conductividad térmica utilizando un analizador Siemens Calomat
6. Ademds de la medicién en continuo, se tomaron muestras de gas para la
determinacién de hidrocarburos ligeros (principalmente CyHs y CsHg) mediante
cromatografia de gases en un Cromatégrafo Perkin EImer CLARUS 580.

3.6.2. Métodos de confrol de la fransferencia de oxigeno

Si bien el proceso BCLG se fundamenta en la operacién en condiciones
subestequiométricas para producir gas de sintesis (CO + Hy), la oxidacién de una parte
de los productos generados durante la desvolatilizacion y gasificacidon de la biomasa es
indispensable para que el proceso se lleve a cabo en condiciones autotérmicas, es
decir, sin aporte externo de energia. Por ello, el control de la cantidad de oxigeno que
el sélido transfiere al combustible es un aspecto fundamental del proceso BCLG.
Existen dos métodos para controlar la transferencia de oxigeno del RO al RR: controlar
el caudal de circulacién de transportador de oxigeno o controlar el oxigeno alimentado
en el RO.

3.6.2.1. Control del oxigeno por el flujo de circulacién de transportador

En el momento del comienzo de la tesis doctoral, los trabajos presentes en la
bibliografia habian utilizado como método de control de oxigeno la limitacién del flujo
o caudal de transportador que circulaba entre reactores. Este método, denominado en
esta tesis “Oxygen Controlling Method 2” (OCM-2), puede realizarse de diferentes
maneras, aunque la forma mads simple es variar el caudal o flujo de circulacién del
sélido (Fs) entre los reactores mediante la variacién del caudal de entrada de aire en el
RO. De esta forma, al aumentar el caudal de aire aumenta la velocidad de gas en el
reactor y el caudal de circulacién de sélidos y viceversa. A mayor caudal de circulacién
de sélidos le corresponde una mayor cantidad de oxigeno transportado.
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Figura 3.6. Diagrama del método de control de transferencia de oxigeno mediante el
control del flujo de circulacién de sélidos (OCM-2).

En la Figura 3.6 se muestra un diagrama del proceso CLG con el método de control
OCM-2. En este método, la relacién oxigeno-combustible se controla limitando el
oxigeno suministrado al RR mediante el control del flujo de circulacion de
transportador de oxigeno (Fs) entre los reactores. De esta manera, la cantidad de
oxigeno transferido al RR para un determinado transportador de oxigeno sélo depende
de la circulacién de transportador de oxigeno, es decir, el flujo de circulacion de
transportador de oxigeno es fijo para una determinada relaciéon oxigeno-biomasa. En
este caso, la relacion global oxigeno/biomasa alimentada al RO es mayor que la
relacion oxigeno-biomasa transferida al RR. Por lo tanto, se encuentra un exceso de
oxigeno en la corriente de salida del RO.

En este método, el transportador de oxigeno se oxida completamente en el RO con el
aire alimentado en este reactor, mientras que su reduccién en el RR dependerd del
tiempo de residencia en este reactor. Esta reduccién estard sujeta al caudal de
circulacidon de sélidos y al tamafo del reactor, pero en general el transportador de
oxigeno estard muy reducido a su salida del RR.

Siguiendo este mismo método, algunos autores han apostado por la dilucidon del
transportador de oxigeno con un sélido inerte con el objetivo de mantener un mismo
caudal de circulacién de sélidos, pero limitar la capacidad de transporte de oxigeno en
el flujo de sdlidos (Ge y col., 2015; Ge y col., 2016). Sin embargo, el uso de mezclas de
sélidos diferentes puede dar lugar a diferentes valores de atriciéon de particulas
alterando la composicién y por tanto la transferencia de oxigeno en funcion del tiempo
de operacién.
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Otra posibilidad para variar la relacion oxigeno-combustible manteniendo constante el
caudal de circulacién de sélidos es variar el caudal de alimentacién de combustible. De
esta forma, es posible aumentar la alimentacion de combustible hasta alcanzar las
condiciones subestequiométricas deseadas que eviten su combustidn completa. Este
método ha sido utilizado en plantas piloto de entre 5y 10 kW durante varias horas de
operacion con resultados positivos, pero tiene el inconveniente de que al variar el
caudal de combustible alimentado también se cambia el inventario especifico de
sélidos (kg de sélido por cada MW: de potencia). Esto puede dar lugar a dificultades en
el control de temperatura y otros pardametros de operacién, como por ejemplo la
relacion H,O/combustible (Wei y col., 2015a, 2015b; Huseyin y col., 2014; Shen y col.,
2018).

3.6.2.2. Control del oxigeno alimentado al reactor de oxidacion

Como alternativa al método anterior, el Grupo de Combustién y Gasificacién (ICB-CSIC)
ha propuesto como método de control de transferencia de oxigeno la limitacién global
del oxigeno disponible en el sistema. Este método, denominado OCM-1, se lleva a cabo
mediante la restriccion del aire alimentado al RO, limitando asi la disponibilidad de
oxigeno en este reactor y por tanto su transferencia al RR. En la Figura 3.7 se muestra
un diagrama del proceso CLG con el método OCM-1.
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Figura 3.7. Diagrama del método de control de oxigeno mediante la restriccion del
oxigeno alimentado en el RO (OCM-1).

En este método, puesto que el caudal de aire alimentado al RO es restringido a su
entrada, la oxidacion del transportador de oxigeno en el este reactor es limitada,
mientras que en el RR se produce una reduccidon completa. De este modo, la cantidad
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de oxigeno transferida al combustible es igual a la cantidad de oxigeno alimentada en
el RO. Como consecuencia, a la salida del RO se genera una corriente pura de N; en
lugar de aire empobrecido, tal y como sucedia en el método anterior. Parte del N;
generado puede ser recirculado al propio reactor de oxidacidn, lo que permite variar el
caudal de circulaciéon de soélidos y mantener las condiciones fluidodindmicas sin
interferir en la oxidacién del transportador. Por tanto, la principal ventaja de este
método es que la transferencia de oxigeno del aire al combustible opera de manera
independiente a la circulacién de sélidos. Desde el punto de vista de la operacion en
continuo este hecho también se presenta como una ventaja, ya que es posible
transportar una misma cantidad de oxigeno utilizando diferentes caudales de
circulacion de sdlido. Asimismo, el método de control OCM-1 flexibiliza la variacion de
las condiciones de operacion de cara a la investigacidn, ya que permite modificar un
pardmetro de operacion sin afectar al resto. Debido a todas estas ventajas, este
método es considerado como el éptimo para operar en el proceso BCLG y fue
seleccionado para realizar los experimentos en la unidad de 1.5 kW:. Posteriormente
este método fue utilizado para la gasificacién de biomasa en una unidad de 1 MW; en
la Universidad Técnica de Darmstadt (TUD).

En el Capitulo 4.3 de optimizacion del proceso BCLG, se comentara con mas detalle las
diferencias existentes entre los dos métodos de operacién y se mostrardn claramente
las ventajas de método OCM-1 frente al OCM-2.

3.6.3. Operacion en la unidad de 1.5 kWi

Para comenzar la operacién, la planta piloto se cargaba con aproximadamente 1.8 kg
del transportador de oxigeno objeto del estudio y se calentaba toda la instalacidon
experimental hasta 900 °C alimentando aire en todos los reactores. Antes de comenzar
la serie de experimentos, al transportador se le mantenia circulando en caliente
durante ~5 h para eliminar los posibles finos adheridos a las particulas tras el proceso
de impregnacion, ya que estos finos podrian causar problemas en la fluidizaciéon. A
continuacion, el aire alimentado al RO era reemplazado por una mezcla de aire y Ny, el
aire alimentado al loop seal era reemplazado por N2, mientras que en el RR el aire se
sustituia por vapor de agua. En ese instante, se comenzaba a alimentar biomasa al RR.

La mezcla aire/N; en el RO permitia mantener las condiciones fluidodinamicas a la par
gue se limitaba la oxidacion del transportador de oxigeno y por tanto la transferencia
de oxigeno a la biomasa, de acuerdo con el método de control OCM-1. Pese al defecto
de oxigeno, puesto que inicialmente el transportador de oxigeno se encontraba en
estado oxidado, durante el inicio de la operacidn el oxigeno presente en el
transportador era suficiente para alcanzar una combustidén casi completa de la
biomasa, de manera similar a lo que sucede en el proceso CLC.
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Figura 3.8. Efecto de la restriccion del oxigeno alimentado sobre la composicion del
gas de salida del RR (a) y sobre el oxigeno reaccionado en la unidad (b). Transportador
de oxigeno: Fel10Al.

En la Figura 3.8 se muestra la composicién de gases a la salida del RR y el balance de
oxigeno al inicio de la operacién utilizando el transportador de oxigeno Fel0AIl. Como
puede observarse, durante los primeros momentos de operacién, la composicion del
gas de salida del RR se encontraba formada mayoritariamente por CO, y H;0. De
manera progresiva, las concentraciones de CO, y H,O disminuian y comenzaba a
aparecer CO, Hy y CHs hasta alcanzar el estado estacionario. Por otra parte, la
concentracion de oxigeno a la salida del RO, disminuia rapidamente cuando se
alimentaba la biomasa, obteniéndose una corriente pura de N; a la salida del reactor.
Asimismo, se observaba que hasta alcanzar el estado estacionario el oxigeno
transferido al RR era mayor que el alimentado al RO debido al oxigeno presente en el
transportador de oxigeno.

Una vez se alcanzaba el estado estacionario, el experimento se mantenia con las
mismas condiciones de operacidon durante al menos una hora. En cada experimento se
recogian de manera continua datos de temperatura y presion en diversos puntos de la
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unidad, asi como las composiciones de los gases obtenidas a la salida del RR, el RO y el
postcombustor. Previamente a la llegada del gas de salida del RR a los analizadores,
este se hacia pasar por el juego de borboteadores dispuestos para recoger los
alquitranes, como se ha comentado anteriormente. Asimismo, se recogian muestras
del gas de salida del RR en bolsas de gas para analizar el contenido en hidrocarburos
ligeros (C2He y CsHs) por cromatografia de gases.

Las muestras de transportador de oxigeno procedentes del RR y del RO se extraian una
vez finalizado el experimento y se analizaban mediante las diferentes técnicas de
caracterizacidn comentadas anteriormente.

Las pequefias dimensiones de la unidad imposibilitaban la operacién en condiciones
autotérmicas debido a las grandes pérdidas de calor producidas por unidad de
potencia, por lo que era necesario calentar y controlar la temperatura del RO y el RR.
La temperatura del RO se mantuvo entre 900 y 990 °C mientras que la temperatura del
RR se vario entre 820 °Cy 950 °C.

3.6.4. Tratamiento de datos

Como se ha comentado, uno de los pardmetros que mas influye en el proceso de
gasificacion es el oxigeno que el sélido transporta desde el reactor de oxidacion al
reactor de reduccidn, es decir, la relacidon oxigeno-combustible, A, definido segun la
siguiente ecuacion:

=0zt (©)
F-Q,

donde Fozro,in €s el flujo molar de O, (mol/h) alimentado en el RO, Fy, el caudal de

biomasa (kg/h) alimentado al RR y Oy, la demanda de oxigeno necesaria para quemar

completamente el combustible (mol O/kg biomasa), la cual se calculé con la ecuacién

(10):

Q=[x +X, —+X. —-X
12 532 16 (10)

32 16 32 1000
b [P 2 Ao | T~

donde x; es la fraccion del elemento i en la biomasa.

Ademads de la composicidn del gas obtenida a la salida de los reactores, en esta tesis se
analizaron una serie de parametros relativos a varios aspectos especificos del proceso
de gasificacidon. En primer lugar, se estudié la conversion de biomasa en el sistema, Xp
(%). Este parametro define la cantidad de carbono de la biomasa alimentada que es
transformado en gas en ambos reactores y se calcula con la ecuacién (11):
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X = I:C,RR,out +FC,RO,out - ':FCOZ +FCO +FCH4 X FCXHV ]RR,out + [FCOZ ]RO,out 100
b F 1000 (11)
C,b - Fb .Xc
12

donde Fcrrout Y Fcro,out SON los flujos molares (mol/h) de carbono a la salida del RR y
RO, respectivamente, Firrout €S el flujo molar del compuesto i a la salida del RR
(mol/h), Firo,out €l flujo molar del compuesto i a la salida del RO (mol/h), Fcp el flujo
molar de carbono alimentado en la biomasa (mol/h) y xc la fraccidon de carbono en la
biomasa (-).

La eficacia de captura de CO;, ncc, representa la fraccién del carbono convertido a gas
en el RR respecto al total de carbono convertido en gas en toda la unidad.

F

_ C,RR,out
C,RR,out + C,RO,out

Otro de los parametros estudiados fue el rendimiento a gas de sintesis (Nm3/kg), Y,
que define la cantidad de gas de sintesis (H2 y CO) producido por cada kg de biomasa
seca alimentada. Se calculé con la ecuacidn (13):

G G
Y=Y, + Ycozﬁ'kLO (13)
b b

donde Y2 e Yco representan el rendimiento a H, y CO (Nm3/kg biomasa seca),
respectivamente, mientras que Guz y Geo son los flujos de Ha y CO (Nm3/h) en el gas de
salida del RR.

La eficacia de gasificacion fria, ng, (%) es el parametro utilizado para definir la energia
aprovechada en los gases de salida (CO, H,, CHa, C;Hw) del RR con respecto al total de
energia alimentada en forma de biomasa. Se calculé con la ecuacién (14):

F oo LHV
g,RR,out g
n,=-2fe — e 100
T RALHY, (14)

donde Fgrrout €S el flujo total de gas a la salida del RR (mol/h), LHV; es el poder

calorifico inferior del gas obtenido a la salida del RR (kJ/mol) y LHVy es el poder
calorifico de la biomasa seca alimentada (kJ/kg).

76



4. RESULTADOS






4. Resultados

4. RESULTADOS

4.1. Transportadores de oxigeno basados en hierro

Durante los ultimos afios se han propuesto numerosos transportadores de oxigeno
sintéticos para el proceso BCLG, pero la mayoria de estos han sido estudiados en
microrreactores o lechos fluidizados discontinuos. Entre los escasos trabajos
desarrollados en unidades de operacion en continuo se encuentran principalmente los
transportadores de oxigeno basados en Fe;03 soportado sobre Al,O3 (ver Tabla 1.7).

Pese a que los datos de operaciéon en BCLG en continuo son limitados, se dispone de
una amplia experiencia con transportadores Fe;03/Al,0s en condiciones de
combustién (CLC). Gayan y col. (2012) desarrollaron un transportador de oxigeno
consistente en un 20 % de Fe;0s sobre alumina (Fe20Al) preparado mediante
impregnacion humeda en caliente. Estudiaron este transportador en termobalanza,
lecho fluidizado discontinuo y en una unidad de CLC de 0.5 kW: utilizando gas PSA
como combustible. El transportador Fe20Al mostré una gran reactividad y resistencia a
la aglomeracion durante la campafa experimental. En vista a los buenos resultados
obtenidos, Cabello y col. (2014a) probaron este transportador en una unidad de CLC de
0.5 kW4, utilizando como combustible gas natural con concentraciones de H,S de hasta
2000 ppm vy analizaron la resistencia de este material a la desactivacién con
combustibles con altos contenidos de azufre. El estudio determiné que el
transportador no se habia desactivado, manteniendo sus propiedades pese a las
condiciones tan agresivas y ofreciendo una vida media de 1100 h.

Garcia-Labiano y col. (2014) utilizaron el transportador Fe20Al en la misma unidad de
0.5 kW: para el aprovechamiento de “acid gas” con resultados muy satisfactorios, al no
detectarse compuestos de azufre en el transportador. Igualmente, el transportador fue
considerado valido para la combustion de “sour gas” asi como para la combustién de
diferentes liquidos (de Diego y col., 2014; Serrano y col., 2017). La cinética de este
transportador fue estudiada por Cabello y col. (2014b) y actualmente se tiene un buen
conocimiento sobre las reacciones que involucradas.

Debido a la elevada experiencia disponible con el transportador Fe20Al y al buen
comportamiento en CLC, se decidid comenzar la investigacion del proceso BCLG
utilizando este transportador en la unidad de 1.5 kWt (Articulo 1). Como se mostrara en
la seccién 4.1.1.5, pese a que este material mostré un buen comportamiento en BCLG,
se observé una disminucién en su vida media con respecto a trabajos previos
realizados en CLC. Por ello, y con el objetivo de mejorar su resistencia mecdnica y la
degradacion y con ello su vida media, se prepararon dos nuevos transportadores con
un 10 % y 25 % en peso de Fe;03 sobre alumina, denominados FelOAl y Fe25Al
(Articulo ).
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4.1.1. Resultados en planta piloto de 1.5 kWi

Los transportadores FelOAl, Fe20Al y Fe25Al fueron investigados en la unidad de 1.5
kW: durante 50 h de operacion, cada uno de ellos, de las cuales 35 h correspondieron a
gasificacion de biomasa (Articulos | y Il). Se estudié el efecto de las condiciones de
operacion, tales como relacion oxigeno-combustible, A y temperatura sobre la
composicion de los flujos molares de gases generados y sobre los pardametros de
gasificacion (eficacia de gasificacion, ng, rendimiento a gas de sintesis, Y, conversién
del combustible, Xb, y captura de CO2, 1) utilizando astilla de pino como combustible.
En cada experimento se recogieron los alquitranes generados durante la gasificacion
para ser posteriormente analizados y cuantificados. Finalmente, las particulas del
transportador frescas y usadas se sometieron a una exhaustiva caracterizacion fisico-
guimica para determinar su estado, comparado asi la estructura y composicion de los
tres transportadores antes y después del proceso de gasificacion.

4.1.1.1. Reacciones

Cuando se alimenta la biomasa en un sistema BCLG, en primer lugar se produce el
secado y desvolatilizacion de esta biomasa, generandose vapor de agua, materia volatil
y un residuo carbonoso o char (Reaccién R21). El residuo carbonoso a su vez reacciona
con el agente gasificante generandose mas compuestos gaseosos (Reacciones R22,
R23). Al mismo tiempo, en el sistema BCLG suceden un gran nimero de reacciones que
implican al transportador, los gases alimentados, y los productos de gasificacion y
volatiles. En la Tabla 4.1 se muestran las reacciones posibles tanto en el reactor de
gasificacién o reduccién como en el de oxidacion.
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Tabla 4.1. Reacciones en el RR y RO utilizando transportadores Fe;03/Al,0s.

AHo

Reactor de Reduccion (kJ/mol)
Combustible —> gases (H,0, CO,, Hz, CO, CHa4, C;Hw) +

alquitranes (CnHm) + char (C) >0 R21
C+H,0——> CO+H; 131.3 R22
C+CO, — 2CO 172.4 R23
4 Fe,03 + 8 Al;03 + CH4 (C;Hw) ——> 8 FeAl;04 + 2 H,0 + CO; -62.3 R24
Fe;Os3 + 2 Al,03 + H, ——> 2 FeAl;04 + H20 -56.8 R25
Fe 03 + 2 Al,O3 + CO—> 2 FeAl,04 + CO; -98.0 R26
Fe;03 + 2 Al,O3 + CHy (C;Hw) — > 2 FeAl,04 + CO + 2 H; 149.3  R2Y
CHg4 (C;Hw) + HHO——> CO + 3 H; 206.1  R28
CH4 (C;Hw) + CO,——> 2 CO +2 Ha 247.3 R29
CO + H20 <—2 CO; + H2 -41.1  R30
CaHa(n+1) —> Cn-1Ha(n-1)+ CHa >0 R31
CnHm + H,0/CO, ——> CO + H; >0 R32
ChHm + (2n+m/2) Fe;03 + 2(2n+m/2) Al,03 —> 2(2n+m/2) FeAl,04

+m/2 H,0 + n CO, <0 R33

Reactor de Oxidacion
4 FeAl,04 + 0 —> 2 Fe;03 + 4 Al,03 -370 R34
C+0;,—> CO; -393.5 R35

En el RR se producen reacciones de gasificacion (R22 y R23), de oxidacién completa
(R24, R25, R26, R33) o parcial (R27) de los gases generados en la gasificacion y
desvolatilizacién, asi como reacciones de reformado (R28, R29, R32) y descomposicion
(R31). Ademas de estas se produce la reaccion water gas shift (R30).

En el RO tiene lugar la regeneracién del transportador de oxigeno mediante la reaccién
de oxidacién (R34). Ademas, si pasa carbono a este reactor, se produce su combustién
(R35), formandose CO; que es emitido a la atmédsfera.
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4.1.1.2. Efecto de la relacion oxigeno-combustible, A

Como es légico, uno de los pardmetros que mas afecta a las reacciones anteriormente
mencionadas y por tanto al proceso de gasificacién, es la cantidad de oxigeno
transferido del RO al RR. En la Figura 4.1 se muestran los flujos molares (en mol de
compuesto i por kg de biomasa en base seca) de cada compuesto gaseoso obtenido a
la salida del reactor de reduccion con una variacién de A entre 0.2 y 0.58. Todos los
experimentos se realizaron a una temperatura en el RR de 930-940 °C y una relacién
vapor-biomasa, S/B ~0.6, manteniendo una circulacién de sélidos de Fs ~12 kg/h.
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Figura 4.1. Efecto de A sobre el flujo molar de gases a la salida del RR (base seca). S/B
~0.6, Fs ~12 kg/h, Trr 930—940 °C (Fe10Al —@—, Fe20Al-© -, Fe25Al --A--).

Se puede observar que el aumento de la cantidad de oxigeno transferido al
combustible promovié una mayor oxidacidn del gas de sintesis, aumentando el flujo de
CO,, y reduciendo la cantidad de H, y CO obtenidos a la salida del RR. Por el contrario,
el aumento de la relacidn oxigeno-combustible no afecté de manera significativa a la
generacion de metano e hidrocarburos ligeros, manteniéndose un flujo practicamente
constante en las diferentes relaciones oxigeno-combustible investigadas. Asimismo, se
aprecia que los tres transportadores dieron lugar a las mismas tendencias en los flujos
molares, ya que el oxigeno transferido al combustible estd limitado por su
alimentacion en el RO, y por tanto es independiente de la capacidad de transporte de
oxigeno del sélido. No obstante, el uso del transportador Fe25Al, dio lugar a un menor
contenido de CH4 para todas las A, y como consecuencia de ello (reacciones R28 y R29)
las cantidades de H, y CO generadas fueron ligeramente superiores a las obtenidas con
los materiales Fe10Al y Fe20Al.
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En la Figura 4.2 se muestran los principales parametros de gasificacion obtenidos con
los tres transportadores en funciéon del A usado, trabajando a 930-940 °C y una
relacion vapor/biomasa ~0.6.
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Figura 4.2. Efecto de A sobre los parametros de gasificacién. S/B ~0.6, Fs ~12 kg/h, Tgr
930-940 °C (Fe10Al —@—, Fe20Al —© —, Fe25Al --A--).

Como puede observarse, en todos los casos se alcanzaron capturas de CO3, ncc, >95 %,
permaneciendo este parametro practicamente constante, independientemente del
valor de A utilizado. Por tanto, se puede deducir que hubo una rdpida velocidad de
gasificacién del carbono en el RR, evitando asi su paso al RO donde seria quemado por
el contacto con el aire alimentado, emitiendo CO2 a la atmdsfera. Por otro lado, el
aumento de la relacion oxigeno-combustible supuso una mejora en la conversién de la
biomasa dentro del sistema, Xp, disminuyéndose las pérdidas de carbono por
elutriacion en los gases de salida.

Obviamente, el aumento de la relacidon oxigeno-combustible de 0.2 a 0.4, redujo de
manera significativa el rendimiento a gas de sintesis, Y, desde ~1.0 a ~0.7 Nm? por kg
de biomasa seca para el Fe10Al y Fe20Al. Esto fue debido a la mayor oxidacién de CO y
H, cuando se aumentd la transferencia de oxigeno. Aunque también se redujo con el
aumento de A, el rendimiento a gas de sintesis obtenido con el material Fe25Al fue
ligeramente superior al resto de transportadores (1.0 Nm3/kg y 0.8 Nm?3/kg para A ~0.2
y ~0.4, respectivamente) como consecuencia del incremento en la conversion de CHy
producida por el Fe25Al. La eficacia de gasificacion fria, ng, también se redujo con los
tres transportadores desde ~80 % a ~60 % cuando A aumentd de 0.2 a 0.4. En este
caso no se observaron diferencias importantes entre los transportadores, ya que el
aumento en el flujo de H, y CO observado con el Fe25Al es parcialmente compensado

83



4. Resultados

por la reduccién de CHs. No obstante, el rendimiento a gas de sintesis y la eficacia de
gasificacion maxima vendran determinados por la cantidad de oxigeno minima
necesaria para cumplir los requerimientos energéticos y hacer que el proceso sea
autotérmico.

4.1.1.3. Efecto de la temperatura de gasificacion

El efecto de la temperatura de gasificacion es otro de los pardmetros mas estudiados
en los trabajos previos de BCLG en unidades operando en continuo. En esta seccion, se
analizo el efecto de tres temperaturas (820 °C, 880 °C y 940 °C) en el reactor de
reduccidn sobre la composicion de los flujos de gases y pardmetros del proceso de
gasificacion trabajando a una relacion vapor-biomasa, S/B, ~0.6 y A ~0.3. La circulacién
de sdlidos se mantuvo constante en torno a 12 kg/h para las tres temperaturas. En la
Figura 4.3 se muestra el efecto de la temperatura de gasificacion sobre los flujos
molares de los gases obtenidos en el RR.
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Figura 4.3. Efecto de la temperatura sobre el flujo molar de gases a la salida del RR
(base seca). S/B ~0.6, Fs ~12 kg/h, . ~0.3 (Fe10Al —@—, Fe20Al =© -, Fe25Al --A:--).

El aumento de la temperatura en el RR aumentd ligeramente el flujo molar de CO, y
apenas afectd a las cantidades de H, y CO, generados. Asimismo, el aumento de la
temperatura tuvo un ligero efecto en la disminucién de CH4 e hidrocarburos CaHe vy
CsHs, ya que temperaturas altas favorecen las reacciones de reformado (R28—R29).
Aunque los transportadores presentaron tendencias similares, se puede observar de
nuevo que el transportador Fe25Al tuvo un efecto superior en comparacion con los
otros dos transportadores en la conversion de metano a las tres temperaturas,
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promoviendo la generacion de CO y H,. Los transportadores de oxigeno FelOAl y
Fe20Al presentaron tendencias parecidas.

En la Figura 4.4 se muestra la evolucién de los pardmetros de gasificacion con la
temperatura. Se puede ver que la variacién de temperatura afecté poco a la mayoria
de los pardmetros de gasificacion. No obstante, esta aumenté la eficacia de captura de
CO,, llegando a valores proximos al 100 % cuando se alcanzaron 940 °C. Aunque en
menor medida, la temperatura de gasificacién también favorecié el aumento en la
conversion de combustible, X, debido a una disminucion de la cantidad de char
elutriada. Fruto del aumento de estos dos parametros se produjo principalmente un
aumento de la cantidad generada de CO, como se ha visto en la Figura 4.3, y con ello
un incremento del rendimiento a gas de sintesis, Y, y la eficacia de gasificacion fria, ng,
alcanzando a la temperatura de 930-940 °C valores superiores a 0.8 Nm3/kg y 65 %
respectivamente.
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Figura 4.4. Efecto de la temperatura sobre los parametros de gasificacién. S/B ~0.6, Fs

Como se puede ver, los tres transportadores presentaron tendencias y valores
similares indicando que el contenido en hierro no tiene un efecto significativo en los
parametros de gasificacion.
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4.1.1.4. Formacion de alquitranes

Es bien conocido que uno de los principales inconvenientes del proceso de gasificacion
es la generacion de alquitranes que engloban compuestos moleculares pesados
generados durante la desvolatilizacidon de biomasa. Su eliminacién en el gas de sintesis
es necesaria ya que causan corrosién de las paredes del reactor y obstruyen las
tuberias (Woolcock y Brown, 2013). Adicionalmente, los alquitranes son responsables
de la desactivacién de los catalizadores utilizados en los procesos de transformacién
del gas de sintesis (Devi y col., 2003). La transformacién y uso del gas de sintesis estd
condicionada a unos limites de contenidos de alquitranes muy inferiores a los
generados en los procesos convencionales de gasificacion de biomasa. En la Tabla 4.2
se detalla el contenido maximo de alquitranes requerido segln el uso o proceso de
transformaciéon. Como puede verse, excepto para la combustién en calderas, la
concentracion maxima de alquitranes en el gas de sintesis requerida en todos los
procesos es muy baja.

Tabla 4.2. Limites de contenido de alquitranes en el gas de sintesis segln el destino
Fuente: Cortazar y col. 2023.

Limite de alquitranes (mg/Nm3)

Combustion en caldera Sin restriccion
Turbina de gas 5
Pila de combustible <1
Fischer-Tropsch (diésel, gasolina) <1
Produccién de metanol <1
Metanacion <1

Si bien la formaciéon de alquitranes generados depende de muchos factores, en
gasificadores convencionales de lecho fluidizado se pueden alcanzar contenidos de
hasta 40 g/Nm?3 vy esta cifra pude llegar hasta 150 g/Nm?3 en lechos fijos (Cortazar y col.,
2023). Por tanto, aunque generalmente se requerira una etapa de purificacién del gas
posterior al gasificador independientemente de la tecnologia utilizada, la eliminacién
de los alquitranes en la propia etapa de gasificacidon reduce la complejidad y coste
econdmico de la limpieza del gas. Por este motivo, se han desarrollado varias
estrategias para eliminar o disminuir la formacién de alquitranes. Una de las mas
comunes es la eliminacién catalitica in situ, que implica el uso de un catalizador en el
lecho del gasificador (Herguido y col., 1989). En este sentido, la seleccién de un
transportador que ademas de tener como funcién transportar oxigeno entre reactores
posea capacidad catalitica sobre los alquitranes, simplifica la limpieza del gas de
sintesis.
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Estudios previos han demostrado que algunos 6xidos metalicos pueden catalizar la
eliminacidén de alquitranes. Asi, Virginie y col. (2012) consiguieron una disminucién en
la generacién de alquitranes de 17 g/Nm3 a 5.1-8.3 g/Nm3, en un proceso de
gasificacion de biomasa utilizando olivina en lugar de arena. Ademas, la impregnacion
de la olivina con Fe fue capaz de reducir esta cantidad hasta 2.6—4.2 g/Nm3.

Durante la investigacién con los transportadores basados en Fe, se recogieron los
alquitranes generados en un total de 14 experimentos, siguiendo el Protocolo Europeo
de Recogida de alquitranes (Simell y col., 2000). En estas muestras, se identificaron 20
compuestos diferentes, desde compuestos de un anillo como el benceno, hasta otros
mas pesados de 4 y 5 anillos.
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Figura 4.5. Distribucion de alquitranes recogidos con Fel0Al, Fe20Al y Fe25Al. S/B
~0.6, Fs ~12 kg/h, A=0.2-0.58, T= 820-940 °C.

En la Figura 4.5 se muestra la distribucion de alquitranes determinada en los
experimentos realizados. Como puede observarse, aunque existen diferencias
significativas que dependen de las condiciones de operacién de cada experimento, el
Naftaleno fue el compuesto mayoritario en todos los casos, generandose cantidades
entre 1.3 y 3.1 g por cada kg de biomasa seca. En términos porcentuales, el Naftaleno
supuso entre el 60 y el 90 % de todos los alquitranes recogidos. Otros compuestos
como el Fenantreno, Antraceno, Bifenil, Naftaleno 2-etenil y Acenaptileno se
generaron también en cantidades significativas. El benceno, un compuesto altamente
téxico, aparecié en la mayoria de experimentos, aunque nunca se alcanzaron
cantidades superiores a 0.15 g/kg.
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Analizando los parametros de operacidn se observd que la temperatura de gasificacion
fue el pardmetro que mas afectd a la generacidén/eliminacion de alquitranes
reduciéndose su contenido en el gas de sintesis de 4.0-4.5 g/kg a 1.3-1.8 g/kg
(equivalente a 2.6—-3.3 g/Nm3y 0.8-1.4 g/Nm?3) cuando la temperatura aumenté de 820
°C a 940 °C. En la Figura 4.6 se muestran las cantidades totales de alquitranes
obtenidas con los tres transportadores estudiados a 820 °C, 880 °Cy 940 °C.
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Figura 4.6. Efecto de la temperatura sobre el contenido total de alquitranes (g/kg). S/B
~0.6, Fs ~12 kg/h, L ~0.3.

La cantidad de alquitranes generados se redujo en mas de un 50 % cuando la
temperatura aumentd de 820 a 940 °C. Por tanto, se puede inferir que el aumento de
la temperatura favorecié el reformado y/o craqueo de alquitranes, convirtiéndolos en
compuestos mads ligeros (R31-R32). Por el contrario, el contenido en hierro en el
transportador no tuvo un efecto significativo sobre su generacién en las diferentes
condiciones de operacion estudiadas.

4.1.1.5. Caracterizacion de los transportadores de oxigeno

La preservacién de la integridad mecanica del transportador y sus propiedades durante
Su uso en operacién es una de las cuestiones fundamentales para el proceso BCLG, ya
gue en buena medida afecta a la rentabilidad de la tecnologia. Ademas de ser
mecanicamente resistente en términos estructurales, el transportador debe mantener
su reactividad y su capacidad de transporte de oxigeno durante los ciclos redox.

Uno de los pardmetros mas utilizados para determinar el comportamiento de los
transportadores a lo largo de su tiempo de uso es el estudio de su vida media de
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operacion (Cabello y col., 2016a), cuya estimacion se realiza a partir de los datos de
velocidad de atricidon, definida como el porcentaje de particulas finas elutriadas del
sistema por unidad de tiempo y calculada segun la ecuacién (2).

En la Figura 4.7 se muestran las velocidades de atricion determinadas en funcién del
tiempo de operacion para los tres transportadores de oxigeno basados en Fe.
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Figura 4.7. Velocidades de atricion de los transportadores Fe;03/Al,0s.

El transportador Fe20Al, seleccionado inicialmente por la experiencia acumulada en
otros procesos de Chemical Looping, presentd una velocidad de atricién creciente
durante las primeras 25 h, estabilizandose posteriormente en 0.3 %/h. De esta
velocidad de atricidon se pudo inferir una vida media de 350 h, lo que significa un
descenso significativo desde las 1100 h obtenidas con este transportador en CLC
(Cabello y col., 2014a). El incremento hasta un 25 % en peso en el contenido de Fe;03
en el transportador fue asimismo perjudicial para el mantenimiento de la integridad
del transportador, elevando la velocidad de atricién hasta 0.9 %/h, lo que equivaldria
una vida media inferior a 100 h. Por el contrario, una disminucién en el contenido de
Fe»03 dio lugar a una velocidad de atricidon practicamente constante durante 50 h de
operaciéon (0.1 %/h). Este valor equivaldria a una vida media de 900 h, un valor
comparativamente similar al obtenido en condiciones de CLC.

Para obtener una mayor informacién de este proceso, se analizé la microestructura de
los transportadores utilizando SEM-EDX. En la Figura 4.8 se muestran imdagenes de las
particulas frescas y tras 50 horas de uso en la planta experimental de los tres
transportadores.
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Figura 4.8. Imagenes SEM de las particulas frescas y usadas de los transportadores
Fe»03/Al,0s. Izq.: enteras, centro: superficie, dcha.: cortadas.

Las particulas frescas enteras de los tres transportadores utilizados en la planta piloto
son muy similares, caracterizandose por formas irregulares con numerosas aristas. En
las muestras frescas cortadas, se puede ver una capa concentrada de Fe en la parte
exterior, debido al proceso de impregnaciéon. Sin embargo, el uso de los
transportadores dio lugar a diferentes comportamientos dependiendo del contenido
de Fe;0s en el transportador. El transportador FelOAl preservd su estructura durante
aproximadamente 50 h de circulacién y operando en caliente. Por el contrario, los
transportadores Fe20Al y Fe25Al muestran su superficie exterior deteriorada y con
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numerosas grietas, que dieron lugar incluso al desprendimiento de pequeiias
particulas de su capa externa. Por tanto, estos resultados estdn en buena concordancia
con los datos observados de velocidad de atricidn.

El analisis mediante EDX de las particulas cortadas mostré que el Fe habia migrado
desde la parte interior hacia la superficie de las particulas creando una capa externa
concentrada en Fe. Aunque esto se observo en los tres transportadores, el grosor de la
capa externa de Fe fue notablemente mayor cuanto mayor fue el contenido en Fe,03
en el sélido (Fe25Al >Fe20Al >Fel0Al). De este hecho se deduce que esta capa es la
que se va desprendiendo de la superficie de las particulas (ver las imagenes enteras),
formando particulas finas que son elutriadas de la unidad durante la operacién.

Analizando los transportadores mediante la técnica ICP-OES, se cuantificd la pérdida
de Fe en los transportadores en un 6 %, 13 % y 22 % para el Fel0AIl, Fe20Al y Fe25Al
respectivamente. Los finos recogidos en los ciclones y filtros también se sometieron a
analisis mediante ICP-OES confirmando que estos se encontraban concentrados en Fe.
Obviamente la pérdida de Fe conllevd un descenso de capacidad de transporte de
oxigeno en los diferentes materiales utilizados. Para determinar este valor se
realizaron experimentos en TGA utilizando un 15 % CO + 20 % CO, como gas de
reduccion y un 5 % de O, como gas de oxidacién (resto N3). La capacidad de transporte
de oxigeno del Fe25Al descendié del 2.5 a 1.75 %, en el Fe20Al del 2 al 1.74 %,
mientras que en el FelOAl apenas hubo pérdida de capacidad de transporte de
oxigeno después de 50 h de operacion.

En la Figura 4.9 se muestran los perfiles XRD de la muestra de sdlido fresco y de
muestras del reactor de reduccion y del reactor de oxidacion extraidas tras su
operacion utilizando el transportador Fe20Al. Con los otros dos transportadores se
obtuvieron resultados similares. Los perfiles obtenidos por XRD muestran que los tres
transportadores fueron reducidos a FeAl;04, siendo esta la Unica fase de Fe presente
en las muestras extraidas del RR. En ningun caso se detecté Fe® debido a que la
presencia de vapor de agua y CO; limita termodindmicamente la reduccién de FeAl;04
a Fe® (Cabello y col., 2014b). Por el contrario, en las muestras tomadas en el RO se
encontré una mezcla de FeAl,04 y Fe;0s3, sin detectarse ningun otro dxido de Fe, tal
como Fes304 o FeO, incluso cuando se varid la relacidn oxigeno-combustible. No
obstante, el ratio de la mezcla Fe;03/FeAl;04 en el RO dependidé directamente de este
parametro, incrementandose la cantidad de Fe,03 cuanto mayor fue A y cuanto menor
fue el contenido de Fe en el transportador de oxigeno.
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Figura 4.9. Perfil XRD de muestras frescas y usadas (A ~0.3, S/B ~0.6, T ~940 °C) del
transportador Fe20Al.
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De los datos obtenidos en las pruebas de caracterizacion se deduce que la resistencia
mecanica e integridad de los transportadores Fe;03/Al,03 esta fuertemente
influenciada por el contenido de Fe,0s. Debe considerarse que la cantidad de éxido
metalico impregnada sobre el soporte determina ademads la variacién de conversién
del transportador, AX;, siendo esta menor cuanto mayor es el contenido en Fe;0s. Por
tanto, en los transportadores con mayor cantidad de 6xido metalico se aumenta la
proporcién de FeAl,04 presente en el RO y disminuye la de Fe;03, de acuerdo con los
analisis obtenidos por XRD. De esta forma se infiere una relacién directa entre las
propiedades mecanicas del transportador y la formacidn del aluminato, que segun los
datos obtenidos por ICP-OES y SEM favorece la migracidn de Fe hacia el exterior de las
particulas, provocando posteriormente su desprendimiento y elutriado en forma de
finos.

Por lo tanto, se puede concluir que el uso de menores contenidos de Fe;03; aumenta la
vida media de los transportadores Fe,03/Al,03, mejorando su resistencia a la abrasion
y preservando su integridad a lo largo de los ciclos redox. A la vista de estos resultados,
el transportador Fel0Al seria el mdas apropiado para operar en el proceso BCLG.
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4.1.2. Estudio de los cambios estructurales de los fransportadores con los
ciclos redox

Aunque los datos obtenidos en la unidad de 1.5 kW ofrecieron una informacién muy
valiosa en cuanto al efecto de las diferentes variables de operaciéon sobre los
parametros de gasificaciéon, debe tenerse en cuenta que en la planta piloto se
utilizaron diferentes condiciones experimentales con el mismo lote de sdlidos. De esta
forma, se introducen incertidumbres a la hora de analizar el efecto individual de cada
una de las condiciones estudiadas sobre la integridad del transportador.

Atendiendo al comportamiento de los valores de vida media de los transportadores
Fe203/Al;,03 y los resultados obtenidos tras su caracterizacion, se decidié continuar la
investigacion profundizando en la comprensidon del mecanismo de migracion de Fe.
Esta informacidon permitiria adecuar la preparacion de los transportadores y las
condiciones de operacién al objetivo de preservar la integridad de los transportadores
durante el mayor numero de ciclos redox posible. Por ello, se investigd el efecto del
contenido en Fe;03 y de cada una de las variables operacionales de manera aislada
sobre la evolucién de la microestructura de las particulas (Articulo lll). Esto se llevd a
cabo realizando series de 300 ciclos redox en termobalanza en unas determinadas
condiciones de operacion, utilizando como gas de reduccién 15 %vol CO + 20 %vol CO;
(resto N2) y como gas de oxidacion un 5 %vol de O; (resto N3).

En total se realizaron 27 experimentos con FelOAl, Fe20Al y Fe25Al simulando
diferentes situaciones, desde las mas agresivas (alta temperatura y atmdsfera muy
reductora) a las mds suaves (baja temperatura y atmdsfera poco reductora). La
variacion de la conversidn de sélido, AX;, se calculé con la siguiente ecuacion:

AXS =Xoxi - Xred (15)

donde Xoxi ¥ Xred SONn la conversidon del sélido después de oxidacidn y reduccion
respectivamente, y se calculan con las siguientes ecuaciones:

m._.—m
X, =1-—oi (16)
moxi - mred
m._.—m
Xog=—2—— (17)
rnoxi - rnred

donde m es la masa de la muestra en un determinado tiempo, mox la masa de la
muestra completamente oxidada (Fe;03-Al,03) y mreq la masa de la muestra en forma
reducida (FeAl;0a). De esta forma se simularon las tres situaciones que se representan
en la Figura 4.10.
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Figura 4.10. Conversion del solido AXs= 25 % (a) y AXs= 100 % (b).

Para altas circulaciones de sélidos entre el RR y el RO y/o contenidos elevados de Fe en
el transportador, una variacién de conversion de sdlido, AXs= 75—100 % corresponde a
una situacién tipica de operacion en CLC donde el transportador se oxida
completamente en el RO (Xoxi= 100 %) y se reduce parcialmente en el RR (Xred= 75 %).
Por otro lado, una AXs= 0—25 % equivaldria a la situacidn tipica que tiene lugar en CLG,
donde el transportador se reduce completamente en el RR (Xreqg= O %) y se oxida
parcialmente en el RO (Xoxi= 25 %). Por el contrario, una AXs= 0—100 % corresponderia
con una situacién de CLC o CLG para bajos contenidos en Fe y/o bajas circulaciones de
solido.

En la Figura 4.11 se muestra un ejemplo de la variacién de masa del transportador
registrada en termobalanza utilizando Fe20Al con una variacién de la conversidn de
transportador AXs= 0—100 % y temperatura de 950 °C. En las condiciones de operacion
utilizadas en este experimento, las particulas del transportador sufrieron un cambio
estructural importante que provocd una pérdida de la resistencia mecanica. Por tanto,
en estas mismas condiciones de operacion en continuo, el transportador sufriria una
elevada velocidad de atricién, lo que se reflejaria una vida media baja. Sin embargo, en
estos experimentos en TGA, a pesar de la alta degradacién estructural del
transportador, se pudo observar que la variacion de masa se mantuvo constante
durante los 300 ciclos. De esta forma, se deduce que la pérdida de capacidad de
transporte de oxigeno observada anteriormente en la planta operando en continuo es
una consecuencia indirecta de la degradacién mecanica y posterior atricion de las
particulas y que produce la pérdida de Fe.
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Figura 4.11. Ciclos redox con el transportador Fe20Al a una AXs= 0—100 %. T= 950°C.
Masa muestra: 50 mg.

A continuacién se muestra un resumen del efecto observado sobre la degradacion de
las particulas de transportador al cambiar de forma aislada diferentes pardmetros de
operacion. En la Figura 4.12 se muestran las fotografias tomadas a las muestras
después de la finalizacidon de cada serie de ciclos redox. El estudio completo se recoge
en el Articulo Ill. En algunos casos se observd un aumento muy importante del
volumen del sélido durante los ciclos redox llegando a rebosar la cestilla tras los ciclos

redox.
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Figura 4.12. Imagenes de los transportadores frescos y después de los ciclos redox en

termobalanza.
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4.1.2.1. Efecto de la conversion de sdlido

Como se vio en la Seccion 4.1.1.5, los transportadores Fe;03/Al,03 utilizados en BCLG
sufren una reduccién importante de su vida media con respecto a su uso en CLC. Este
hecho estd aparentemente relacionado con la operacidn del transportador en CLG en
unas variaciones de conversion bajas y en atmdsfera muy reductora, debido al método
utilizado para el control de oxigeno transferido en el proceso. Por ello, en este trabajo
se analizé el estado de la microestructura de las particulas cuando se ven sometidas a
las tres opciones posibles mostradas en la Figura 4.10. En la Figura 4.13 se muestran
las imagenes del transportador Fe20Al tomadas mediante SEM tras 300 ciclos redox en
cada intervalo de conversion.

AXs=75-100 % AXs=0-25% AXs= 0-100 %

Figura 4.13. Imdagenes SEM del transportador Fe20AIl después de 300 ciclos T= 950 °C.
Tres intervalos de conversién AXs= 75—-100 %, AXs= 0—25 %, y AXs= 0—100 %.

Como puede verse, bajo atmdsfera muy reductora y variacién de conversion pequeia
(AXs= 0—25 %), condiciones tipicas de operacion en BCLG, el Fe migro al exterior de las
particulas. Este mismo fendmeno fue observado cuando el sélido fue sometido a
grandes variaciones de conversion (AXs= 0—100 %). En ambos casos aparecié una capa
esponjosa en el exterior de las particulas, presentando aparentemente una gran
porosidad y un elevado nimero de ramificaciones. Como es légico, en estos casos es
de esperar que la migracion de Fe provoque un descenso en la resistencia mecanica
del transportador, facilitando el proceso de atricion cuando se opera en lecho
fluidizado. Por el contrario, las particulas sometidas a una atmdsfera mas tipica del
proceso CLC (AXs= 75—-100 %) presentaron una estructura practicamente sin alterar
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después de 300 ciclos. A partir de estos resultados se puede concluir que el fenémeno
de migracién de Fe y de degradacién de las particulas de los transportadores basados
en Fe se promueve operando en atmodsferas muy reductoras, haciendo el
transportador menos resistente a la abrasion.

4.1.2.2. Efecto de la temperatura

Si bien el empleo de elevadas temperaturas ha sido identificado como positivo sobre
los diferentes pardmetros del proceso de gasificacidn, en este apartado se estudio en
detalle su efecto sobre la evolucidon de la estructura de los transportadores. En la
Figura 4.14 se muestran las imagenes SEM del transportador Fe20Al después de 300
ciclos en condiciones tipicas del proceso BCLG (AXs= 0—25 %) a tres temperaturas (850
°C, 900 °Cy 950 °C).

850 °C

Figura 4.14. Imagenes SEM del transportador Fe20Al después de 300 ciclos a 850 °C,
900 °Cy 950 °C. AXs= 0-25 %.

Se puede ver que las particulas reaccionadas a la temperatura mas baja, 850 °C,
conservaron la integridad de su estructura después de 300 ciclos, a pesar de haber
estado sometidas a una atmosfera reductora, detectdndose Unicamente en su
superficie pequefios granulos fruto del proceso de impregnacién. Por el contrario, el
uso de temperaturas mas altas, 900 °Cy 950 °C, provocd una migracién del Fe desde el
interior de las particulas, acumulandose este en la capa externa de las particulas.
Ademas, se observd que la migracidn del hierro favorecid la creacidon de aglomerados
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que podrian causar problemas en las propiedades fluidodindmicas. Por tanto, el
aumento de la temperatura de operacion (>850 °C) en atmodsferas reductoras debe ser
considerado como un parametro que favorece la migracion del hierro, disminuyendo la
integridad de las particulas.

4.1.2.3. Efecto del contenido en Fe20s3

Al contrario que en condiciones de combustién, donde se necesita transportar oxigeno
en exceso y por tanto se requieren transportadores con alta capacidad de transporte
de oxigeno, en CLG el oxigeno transferido se controla por el O; alimentado al RO y por
tanto es posible utilizar sélidos con un intervalo de contenidos de Fe;Os mas amplio.
Este hecho permite adecuar el contenido de Fe;Os de manera que se favorezca la
preservacion de la integridad de las particulas. En la Figura 4.15 se muestra el efecto
del contenido en Fe;03 sobre la microestructura de las particulas de transportador
operando a una temperatura de 900 °C y AXs= 0—25%.

FelOAl

Fe20Al Fe25Al
*;» - i 5 .

Figura 4.15. Imagenes SEM de FelOAl, Fe20Al y Fe25Al después de 300 ciclos a 900 °C.
AXs= 0—25%.

Como puede observarse en la Figura 4.15, coincidiendo con los resultados obtenidos
en la planta de 1.5 kWs, la migracion de hierro hacia el exterior de las particulas
aumenté con el contenido de Fe;0s. Asimismo, se observd que al aumentar el
contenido en Fe se formaba un gran nimero de aglomerados, asi como particulas con
muy diverso tamano y forma generadas por la rotura de particulas originales. El
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transportador Fel0Al, que presentd la mayor vida media en operacion en continuo,
fue el Unico que mantuvo su estructura integra después de 300 ciclos. La correlacion
entre la degradacién de las particulas y el contenido en Fe;0s3 sugiere que una baja
interaccidon entre el 6xido metdlico y el soporte promueve la preservacion de las
particulas. De acuerdo con estudios previos, esta interaccién entre el 6xido metdlico y
el soporte es responsable de cambios volumétricos en las particulas, disminuyendo su
resistencia mecdanica. Por tanto, a la vista de estos resultados es recomendable la
preparacién de transportadores con la menor cantidad de Fe;03 posible. No obstante,
el contenido minimo en Fe;0s atendera a las necesidades de transporte de oxigeno
marcadas por el balance energético. Aunque se profundizara sobre este aspecto en la
Seccién 4.3.2.1, se puede adelantar que asumiendo una circulacion especifica de 50
kg/m?-s (de acuerdo con los célculos de Lyngfelt y col., 2001) y una diferencia de
temperatura, AT, entre el RO y RR de 100 °C se necesitaria un minimo de ~7 % de
Fe,Os3 y variacion de conversion AXs= 0-100 % para operar en condiciones
autotérmicas. Por ello, se puede considerar que el transportador de oxigeno Fel0Al es
un transportador adecuado para maximizar la resistencia de las particulas cumpliendo
el balance energético en el proceso BCLG.

Los resultados obtenidos muestran que la resistencia mecanica y la integridad de las
particulas decae en atmdsfera reductora, a altas temperaturas y con altos contenidos
en Fe;0s. No obstante, la conjugacion de los parametros estudiados puede ser
utilizada para aumentar la vida media de las particulas en funcién de los
requerimientos del sistema BCLG.
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4.1.2.4. Comparacion con los resultados obtenidos en la planta de 1.5 kWt

En la Tabla 4.3 se muestra un resumen completo de los resultados obtenidos en este
trabajo y se hace una comparacién con la vida media obtenida en la unidad de 1.5 kW.-.

Tabla 4.3. Integridad de las particulas después de 300 ciclos redox. C: integridad
conservada, P: integridad perdida.

«CLG— |
| «CLC—>

AXs (%) Unidad BCLG 1.5 kWs
A Transportador T(°C)| 0-25  0-100  75-100 V'da(hm)ed'a Ref.
S 850 C C C
& FeloAl 900 C C C 900 Articulo Il
= 950 C C
9 850 C C
S Fe20Al 900 C C 350 Articulo |
c 950 C
s 850 C
S Fe25Al 900 C 100 Articulo Il
= 950 C

Atmodsfera mas oxidada —
<Atmoésfera mas reducida

Como se puede ver, la variaciéon de conversién y el estado de oxidacién son los
parametros que mas afectan a la integridad fisica del transportador a lo largo de los
ciclos redox. En atmdsferas oxidantes, tipicas de la operacidn en CLC, la estructura de
las particulas se mantiene, mientras que la operacidon en atmésfera reductora, tipica
del proceso CLG, causa la migraciéon del Fe hacia el exterior de las particulas,
provocando su debilitamiento. En este sentido, para minimizar la degradacién de las
particulas es preferible la operacién con elevadas conversiones (AXs= 0—100 %) en
lugar de variaciones de conversion bajas, AXs= 0—25 %. Esto puede lograrse mediante
el uso de transportadores con bajo contenido en Fe;0s3. Asimismo, el contenido en
Fe20s3 tiene per se un caracter decisivo sobre la integridad de las particulas. Por ello, el
uso de transportadores con bajo contenido en Fe;0s favorece la preservacién de las
particulas, incrementandose la vida media del material cuanto menor es el contenido
de Fe;0:s.

Las temperaturas de operacion elevadas también fomentan la degradacion del
transportador, especialmente en atmésfera reductora, existiendo un compromiso
entre la conservacion de la integridad de las particulas y los pardmetros de gasificacion
estudiados en la planta piloto.
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El anadlisis presentado en esta seccion, obtenido a partir de los ciclos redox realizados
en TGA, muestra una gran concordancia con los datos de vida media obtenidos en la
unidad de 1.5 kW:. Por ello, se puede considerar que el método de realizacién de ciclos
en TGA es apropiado para anticipar de manera sencilla la posible degradacion del
transportador de oxigeno evitando la costosa experimentacién en unidades en
continuo.

Finalmente, se puede concluir que el transportador FelOAl se revel6 como un
potencial candidato para el proceso BCLG, ofreciendo una elevada resistencia a la
atricién en condiciones tipicas de gasificacion. Asimismo, la vida media del Fe10Al fue
superior a la de cualquier otro transportador propuesto previamente para BCLG
(Condori y col, 2021a, 2021b, 2021c) y muy parecida a la obtenida con
transportadores similares en CLC (Cabello y col., 20144, Serrano y col., 2017). De esta
forma, se podria considerar cumplido del objetivo inicial de obtener un transportador
de oxigeno basado en Fe resistente en condiciones BCLG.
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4.1.3. Mejora de la calidad del gas de sintesis

Aunque el transportador de oxigeno FelOAl mostré mantener una buena integridad
mecanica a lo largo de los ciclos redox y tuvo un buen comportamiento en cuanto a los
resultados de los pardmetros de gasificacién obtenidos en la planta piloto de 1.5 kW,
se decidié continuar investigando las posibles vias para mejorar tanto la calidad como
la cantidad de gas de sintesis generado, de cara a su uso en procesos diferentes a la
combustién en caldera.

En esta seccion se hace referencia a estos dos objetivos:

1) obtener una mayor cantidad de H, y CO mediante el reformado de los hidrocarburos
generados en la desvolatilizacién de la biomasa (principalmente CHa), un objetivo que
se situa desde un enfoque global del proceso hacia la obtencion de productos
sintetizados a partir de H,/CO.

2) mejorar la composicién del gas de sintesis mediante la eliminacién de alquitranes
para evitar los problemas asociados a estos, como la corrosién de reactores, la
obstruccion de tuberias o la desactivacién de catalizadores en los procesos de
transformacion del gas y asi reducir el coste de limpieza del gas de sintesis.

La investigacion se llevd a cabo mediante la realizaciéon de experimentos en lecho
fluidizado discontinuo, donde se estudid el efecto de diferentes transportadores de
oxigeno sobre la conversién de metano, hidrocarburos ligeros, y alquitranes y que se
recogen en los Articulos IV y V. Como se vio en la seccion 4.1.1 el principal pardmetro
de operacion que promueve el reformado de estos compuestos es el aumento de la
temperatura, pero aun a temperaturas de 940 °C se obtuvieron flujos molares
superiores a 4 mol de CHa por cada kg de biomasa y concentraciones de alquitranes de
1.3 g/kg (0.8 g/Nm3) utilizando transportadores Fe;03/Al>0s. Debido a la limitacién en
la mejora de la conversién de estos compuestos mediante la variacion en las
condiciones de operacién, se decidié explorar el efecto catalitico de diferentes
transportadores que pudiesen ser utilizados directamente como transportadores de
oxigeno o bien afadidos a los transportadores Fe;0s3/Al,0s para mejorar sus
prestaciones.

El estudio catalitico sobre el reformado de CH4 (Articulo IV) se realizé en el Instituto de
Carboquimica utilizando transportadores de oxigeno sintéticos basados en Ni, Cu y Fe.
Ademas, se utilizaron transportadores naturales (ilmenita, mineral de hierro y mineral
de manganeso) y un residuo de aceria (LD Slag). Todos estos transportadores habian
sido ya preparados y utilizados previamente por nuestro grupo de investigacién en el
proceso CLC.
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El estudio catalitico sobre la eliminacion de alquitranes (Articulo V) se realizd durante
una estancia en la Universidad Tecnoldgica de Chalmers (Gotemburgo, Suecia). En este
estudio se utilizaron practicamente los mismos transportadores que en el caso
anterior. Como referencia se realizaron también experimentos utilizando arena como
material inerte.

Como se ha comentado en el capitulo 3, en ambos estudios se llevaron a cabo tests a
tres temperaturas reduciendo el transportador con una composicidn de gas similar a la
obtenida a la salida del reactor de reduccién.

Puesto que el grado de reduccién del é6xido metdlico tiene una relevancia singular en la
catdlisis del reformado de hidrocarburos y alquitranes, en primer lugar se analizaron
por XRD las fases de cada uno de los transportadores en su estado reducido, es decir,
en el estado en el que se encuentran mayoritariamente en el reactor de reduccién.
Asimismo, en algunos casos se cuantificod el tamafio de cristal, ya que este determina la
distribucién del metal en las particulas y por tanto afecta a la conversién de
hidrocarburos.

En la Figura 4.16 se muestran los perfiles XRD de los diferentes transportadores una
vez reducidos con la composicion tipica de gasificacion obtenida con una relacién
oxigeno-combustible 0.3—0.35 y vapor-biomasa ~0.6.

104



4. Resultados

a)
Fe,0, BFe,0, ¢FeO @ FeTiO, ATiO, +MnO ® SiO, & Fe,Ca,0, * Ca,SiO, ¥CaO|
-
LD Slag
-
a
S [ 4
é Mineral @ + +
ol de Mn v k o +
o
(%]
8
S| Mineral . .
8 de Fe e ] & :A__ A: a o [ ’, n S ¢ ¢
L3 |
limenita
*
o 4 " A o : . oa ole
20 30 40 50 60 70 80
26 (°)
b)
v Ve | YALO, *FeAl,0, ®Cu INi
A
v v
l v 77 h v?Y "
Ni18Al (\h A h
. i vY A
e
S| Cut4alicB °
ul4Al_
3 M Y YWY XY vy s
S
o *
9 v
£| Fe2sal ) JL* M M Y Yk v kxvy v
g
O v v
v v
Fe2oa | X |XY s Y x pk vy xYY v
v v v v v v
| Fe10Al * X * ANk v kXY v
20 30 40 50 60 70 80
20 (%)

Figura 4.16. Perfiles XRD de los transportares de oxigeno reducidos minerales y
residuos (a) y sintéticos (b).

En condiciones de gasificacidon, la ilmenita, compuesta principalmente por Fe,TiOs y
Fe20s3 en su estado oxidado, es reducida a FeTiOsz y Fe30a. El mineral de hierro se
reduce mayoritariamente desde Fe;0s a Fe30s y FeO, mientras que la Unica fase
reducida encontrada en el mineral de manganeso fue MnO. En el residuo de aceria, LD
Slag, se encontraron un gran numero de picos superpuestos donde se pudo distinguir
la presencia de FeO.
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En los materiales sintéticos de Fe la unica fase presente como forma reducida fue el
FeAl,04, mientras que en los transportadores basados en cobre y en niquel se
alcanzaron las especies metalicas Cu® y Ni°, respectivamente.

4.1.3.1. Actividad catalitica sobre CHs

La presencia de CH4 en concentraciones ~5 %vol (en base hiumeda) es un factor comun
en los procesos BCLG reportados en la bibliografia. Por ello en este trabajo se estudié
el efecto de los transportadores de oxigeno sobre esta concentracién de metano
(Articulo IV).

Los experimentos se llevaron a cabo en el lecho fluidizado discontinuo situado en el
ICB-CSIC (Seccién 3.5) donde se alimenté una corriente de gas compuesta por 35 %vol
H,0, 22 %vol CO,, 15 %vol CO, 23 %vol Hy, y 5 %vol CHa. Una vez se alcanzaron las
condiciones estacionarias y el transportador llegd a su estado mds reducido permitido
por la termodindmica (ver Figura 4.16), se analizé la conversién de CH4 de acuerdo a la
ecuacién (8). En la Figura 4.17 se muestra el efecto de los diferentes transportadores
de oxigeno sobre la conversidon de metano a tres temperaturas.

100
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Figura 4.17. Efecto de la temperatura sobre la conversion de CHs utilizando diferentes
transportadores de oxigeno.

Cuando se utilizé arena como material de lecho, se produjo cierta conversién de
metano, con valores que oscilaron entre el 10 % y el 18 % dependiendo de la
temperatura. Estas conversiones fueron muy similares a las obtenidas con los
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materiales de origen mineral (ilmenita, mineral de Fe y mineral de Mn) y el residuo LD
Slag.

De estos resultados se deduce que los transportadores minerales y el residuo no
tienen un efecto catalitico relevante sobre la conversiéon de metano. Por el contrario,
los transportadores sintéticos exhibieron una mayor conversién de metano,
especialmente cuando se aumentd la temperatura. Como se esperaba, el
transportador de Ni fue capaz de convertir todo el CHs a las tres temperaturas debido
a las propiedades cataliticas del Ni° (Jones y col., 2008). De acuerdo con el andlisis XRD,
el 17.1 % de la fase cristalina del Ni18Al correspondid a Ni® con un tamafio de cristal de
56 nm, de lo que se deduce que existe una buena dispersién.

El material de cobre, Cul4Al_ICB también mostré actividad catalitica en el reformado
de CHa, especialmente a 940 °C, alcanzando a esta temperatura el 85 % en la
conversion de metano. Esta elevada conversién se explica debido a la presencia de
Cu®, tal como se muestra en la Figura 4.16b, que es responsable de la alta actividad
catalitica (Zeng y col., 2019). El tamafio de fase cristalina de Cu® en condiciones de
reduccion fue de 40 nm, indicando asimismo una buena dispersidon dentro de las
particulas.

Si bien ninguno de los transportadores Fe;03/Al,03 alcanzé la reduccion a Fe®, siendo
FeAl;04 la Unica fase estable, estos transportadores mostraron cierto efecto catalitico,
alcanzando el Fe25Al una conversion de CHs del 60 % a 940 °C, mientras que el FelOAl
y Fe20Al convirtieron el 40 % del CHs a la misma temperatura. De acuerdo con la
cuantificacién del contenido en FeAl;04, estos transportadores estaban compuestos
por un 4.6, 10.6 y 43 % de FeAl,04 y tamafios cristalinos de 5, 15y 23 nm para Fel0Al,
Fe20Al y Fe25Al, respectivamente. Por ello las diferencias en la conversién de metano
parecen estar mas relacionadas con la cantidad de fase cristalina que con la dispersién
del compuesto.

4.1.3.2. Actividad catalitica sobre los alquitranes

Con el objetivo de reducir la presencia de alquitranes en el gas de sintesis, se investigo
la actividad catalitica de los transportadores de oxigeno sobre la conversién de C;Ha y
CsHs utilizados como compuestos modelo de alquitranes (Articulo V). El etileno fue
seleccionado debido a la similitud de sus enlaces con los presentes en los
hidrocarburos aromaticos policiclicos (PAHs) (Bain y col., 2014), componentes
mayoritarios entre los alquitranes, mientras que el benceno representd un caso
extremo, debido a las dificultades de su eliminacion (Keller y col., 2014).

Los experimentos se llevaron a cabo en el lecho fluidizado discontinuo existente en la
Universidad Tecnolégica de Chalmers, cuya configuracién esta especificamente
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disefada para alimentar y medir estos compuestos. En la Figura 4.18 se muestra la
conversidon de CyH4 alcanzada a 850, 900 y 950 °C con los diferentes transportadores y
con arena usada como material de referencia una vez alcanzado el estado estacionario.
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Figura 4.18. Conversion de C;H4 a diferentes temperaturas.

Se puede observar que una parte significativa del etileno se convirtié incluso utilizando
arena, lo que significa que se produce una elevada descomposicién de este compuesto
a las tres temperaturas estudiadas sin la actuacién de un catalizador.

A 850 °C, los transportadores minerales y el residuo presentaron la misma conversion
de CoHs que la arena, demostrando la inexistencia de un efecto catalitico a baja
temperatura. Sin embargo, el aumento de la temperatura hasta 900 °C y 950 °C,
promovid la conversion de C;Hs con respecto a la arena, sugiriendo que las altas
temperaturas activan el efecto catalitico de estos transportadores. Por otro lado, los
materiales sintéticos si que mostraron una mayor actividad catalitica alcanzando unas
conversiones superiores al 80 % a las tres temperaturas, llegando el Cul4AIl_ICB a
conversiones de C;Hs cercanas al 95 % incluso a la temperatura de 850 °C. La elevada
actividad catalitica de este transportador sobre las reacciones de conversién de etileno
(reformado, craqueo...) es atribuida a la presencia de Cu® (Zeng y col., 2019).
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Figura 4.19. Conversion de benceno (%) a diferentes temperaturas.

En la Figura 4.19 se muestran los resultados de conversion de benceno obtenidos con
cada transportador a diferentes temperaturas. Como se puede ver, el 60 % del
benceno alimentado reacciond utilizando arena como lecho a las tres temperaturas, lo
gue indica que una parte importante del benceno se transformé en hidrocarburos mas
pequefios sin necesidad de un catalizador.

A 850 °C, con la mayor parte de los transportadores de oxigeno se obtuvieron valores
de conversion de benceno similares a los obtenidos con la arena, lo que indica que a
baja temperatura, estos transportadores no poseen actividad catalitica, o es muy baja.
El aumento de la temperatura hasta 900 °C favorecié la conversion de benceno, con
los materiales sintéticos (Xcews >75 %), mientras que los transportadores de origen
mineral y el residuo siguieron sin mostrar efecto catalitico. Con el aumento de la
temperatura hasta 950 °C se observé el efecto catalitico de los transportadores
minerales y el residuo sobre la conversiéon del benceno cuyos valores se situaron en
torno al ~70 %, respecto al 60 % obtenido con la arena. A esta temperatura, los
transportadores sintéticos Fe,03/Al,03 alcanzaron cifras de conversion superiores al 80
%, sin observarse diferencias significativas entre ellos.

Cabe resaltar el excelente comportamiento del transportador Cul4Al_ICB, que alcanzd
el 100 % de conversion de benceno a 900 y 950 °C. Al igual que lo sucedido con el CHa
y el C2H4, esta conversidn puede atribuirse a la presencia de Cu®.

Un aspecto a destacar es que en los experimentos en los que se obtuvo una conversidn
de C;Ha y CgHe elevada (por ejemplo, transportadores Fe>03/Al,0s), la concentracion
de CHs a la salida del reactor aumenté, lo que indica que el metano es un compuesto
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intermediario en la descomposicion de C;Hs y CsHs. Este aumento en la concentracién
de CHas se observé incluso teniendo en cuenta que parte del CHs formado puede
reaccionar con los transportadores de oxigeno, como se vio en la seccién anterior. Sin
embargo, este aumento de la concentracidn de CHa no se observé con el transportador
Cul4Al_ICB, ya que este transportador ademas de eliminar el C;Hs y CsHs, mostré una
elevada conversién de metano (70 % a 950 °C).

Como conclusiodn, el transportador Cul4Al_ICB se revelé como un buen candidato para
aumentar la generacién en H; y CO y reducir la presencia de alquitranes. Por ello, se
selecciond este transportador como candidato para su estudio en la planta piloto de
1.5 kW
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4.2. Transportador de oxigeno basado en cobre

El transportador utilizado en este trabajo habia sido desarrollado en 2005 por el Grupo
de Combustidn y Gasificacion del Instituto de Carboquimica (ICB-CSIC). En un estudio
realizado ese afio se habia determinado que la composicion de un 14 % de CuO sobre
Al;03 y posterior calcinacién a 850 °C evitaba la aglomeracién del material, principal
problema de los transportadores de oxigeno basados en Cu (de Diego y col., 2005).

Este transportador ha sido, ademas, probado previamente en numerosos trabajos de
combustién de CH4, donde se ha determinado que su resistencia mecdnica a la
abrasion esta directamente ligada con la temperatura de operaciéon (Adadnez y col.,
2006; de Diego y col., 2007; Forero y col., 2009). Asi, se ha observado que en el
proceso CLC con CH4 a temperaturas inferiores a 900 °C daba lugar a vidas medias de
hasta 5000 h, mientras que el aumento de la temperatura no solamente disminuia su
vida media por debajo de 400 h, sino que ademas causaba una pérdida en la capacidad
de transporte de oxigeno, Roc.

A priori, los resultados obtenidos previamente en CLC supondrian una barrera en el
uso del Cul4Al_ICB en gasificacion ya que para obtener los buenos resultados
comentados anteriormente, deberia operarse a temperaturas superiores a 900 °C. Sin
embargo, trabajos mas recientes realizados con Cul4Al_ICB indicaban que en forma
muy reducida (como sucede en la gasificacion con el método de control de oxigeno
utilizado en este trabajo) es capaz de resistir un gran nimero de ciclos redox
manteniendo sus propiedades incluso a alta temperatura (lzquierdo y col., 2021;
Cabello y col., 2022; 2023). Por tanto, considerando estos aspectos junto con los
buenos resultados obtenidos en el apartado anterior sobre el comportamiento del
transportador Cul4Al_ICB en el reformado de hidrocarburos y la eliminacién de
alquitranes, se decidié utilizar y analizar el comportamiento de este material en Ia
unidad BCLG de 1.5 kW (Articulo VI).

4.2.1. Resultados en planta piloto de 1.5 kWi

Se llevaron a cabo 45 horas de operacidn (circulacién en caliente) en la unidad de 1.5
kW:, de las cuales 30 h correspondieron a gasificaciéon de astilla de pino. En todos los
experimentos se utilizé una relacién vapor-biomasa, S/B ~0.6 y una circulacion de
solidos, Fs ~12 kg/h. Los parametros analizados fueron la relacion oxigeno-
combustible, A, y la temperatura de gasificacion sobre los flujos molares de gases
producidos y los parametros de gasificaciéon. Asimismo, se recogieron alquitranes en
todos los experimentos para confirmar el efecto catalitico del CuldAl ICB en
experimentos realizados en continuo. Finalmente, se completé la evaluacién del
transportador con una caracterizacion fisico-quimica de las particulas frescas y usadas.
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4.2.1.1. Reacciones

De acuerdo con lzquierdo y col. (2021), el transportador de Cu tiene la posibilidad de
llevar a cabo un gran numero de reacciones que involucran la presencia de varios
aluminatos de cobre, asi como diferentes oxidos metdlicos. No obstante, en las
condiciones de operacidén en estado estacionario muchas de estas reacciones no se
producirdn debido a las restricciones cinéticas y termodinamicas. En la Tabla 4.4 se
muestran las reacciones que pueden tener lugar en el RR y RO.

Tabla 4.4. Reacciones posibles usando Cul4Al_ICB como transportador en BCLG.

Reactor de Reduccion

Biomasa —> char + alquitranes (CnHm) + gases (H20, CO3, H, CO, CH4, C.Hw) R36

C+H,0——> CO+H> R37
C+CO,—>2CO R38
CO+H,0T—2COz + Ha R39
CHa/CoHu/ CoHimt H20 — S €0,/CO + H, R40
CuO + CO/H2/CH4 /C;Hw/ChHm ——> Cu20 + CO2/H20 R41
2Cu0——> Cu0+1/2 0, R42
2 CuO + Al,03—> 2 CuAlO2 + 1/2 O, R43
CuO + CO/H3/CH4/C;Hw/CoiHm —> Cu + CO; +H,0 R44
2 CuAl;04 —> 2 CuAlO; + Al;03 + 1/2 O3 R45
CuAl;04+ CO/H2/CH4/CHw/ChHm —> CuAlO; + Al,03 + CO2/H20 R46
CuAl;04 + CO/H2/CH4/C;Hw/CaHm ——> Cu + Al;,03 + CO2/H20 R47
Cu20 + CO/H32/CH4/C;Hw/CiHm —> Cu + CO2 + H20 R48

Reactor de Oxidacion

2Cu+1/20,—— Cu0 R49
Cu0+1/20,—> 2 CuO R50
Cu+1/20,——> CuO R51
C+0,—> CO, R52
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4.2.1.2. Efecto de la relacion oxigeno-combustible

En la Figura 4.20 se muestra el efecto de la relaciéon oxigeno-combustible sobre los
flujos molares de gases generados (base seca) en mol por kg de biomasa seca a una
temperatura en el RR de ~920 °C.
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Figura 4.20. Efecto de A sobre el flujo molar de gases a la salida del RR (base seca). S/B
~0.6, Fs ~12 kg/h, Trr ~920 °C.

De la misma manera a lo observado con los transportadores Fe>03/Al;03, el aumento
de la relacién oxigeno-combustible causd el descenso en el flujo molar de H; y CO,
mientras que el CO; aumentd debido al incremento de la cantidad de oxigeno
transferido al combustible. Una pequena cantidad de CHa e hidrocarburos ligeros
también fue quemada por el aumento del oxigeno transportado.

Es destacable que en condiciones similares de operacidn, el flujo molar de H; y CO
generado fue superior al obtenido con los transportadores Fe>03/Al,03, mientras que
el de CHs fue muy inferior, con 2.5 mol/kg a una A ~0.3 frente a 4.5-5 mol/kg
obtenidos con los transportadores Fe;03/Al;03. Esto se debid al efecto catalitico del
transportador en las reacciones de reformado y/o oxidacidon parcial de CHa.
Obviamente el incremento de A redujo de manera significativa la eficacia de
gasificacion fria pasando de 85.9 % a 68.9 % cuando A aumento de 0.2 a 0.43, como se
puede ver en la Figura 4.21.
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Figura 4.21. Efecto de A sobre los parametros de gasificacion. S/B ~0.6, Fs ~12 kg/h, Trr
~920.

El rendimiento a gas de sintesis también descendid desde 1.2 Nm3/kg a 1.0 Nm3/kg
debido al aumento de la combustion. No obstante, el rendimiento a gas de sintesis
obtenido con este transportador fue superior a los obtenidos con los tres
transportadores Fe,03/Al>03, alcanzando 1.14 Nm3/kg a una A ~0.3. El rendimiento a
gas de sintesis, Y, supera ademas los valores encontrados en la bibliografia con
diferentes transportadores en condiciones similares, cuyos valores a una A ~0.3 varian
entre 0.4 y 0.9 Nm3/kg. Estas mejoras en el rendimiento a gas de sintesis se atribuyen
al efecto catalitico del Cul4Al_ICB sobre la reaccién de reformado de CHa (R40) e
hidrocarburos ligeros, y esta de acuerdo con lo comentado anteriormente en el
apartado 4.1.3.1.

Para ampliar la informacién sobre este aspecto, en la Figura 4.22 se muestra la relacién
entre el rendimiento tedrico a gas de sintesis y la cantidad de metano generada en
funcién de la relacion oxigeno-combustible, asi como resultados de rendimiento a gas
de sintesis obtenidos experimentalmente con diferentes transportadores en la misma
unidad en continuo.
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Figura 4.22. Efecto del flujo molar de CHs generado y no convertido sobre el
rendimiento a gas de sintesis tedrico y valores experimentales obtenidos en
condiciones similares.

De acuerdo con la composicion de la biomasa utilizada, la cantidad maxima de gas de
sintesis que es posible obtener a una A= 0.3 es 1.4 Nm3/kg, correspondiente a una
operacion donde todo el metano es convertido a H, y CO. Aunque ninguno de los
datos obtenidos de manera experimental ha alcanzado este valor por la presencia de
CHs en todos los casos, el transportador basado en niquel (Ni18Al) utilizado como
material de referencia, es el que ha logrado el mayor valor con 1.21 Nm3/kg.

Como se puede ver, el transportador Cul4Al_ICB obtuvo un rendimiento muy parecido
al del Nil8Al, lo que sugiere una gran capacidad catalitica sobre el reformado de
metano, tal y como se esperaba segun los resultados obtenidos en la seccién 4.1.3.1.
Por ello, este material se revela como uno de los mas adecuados en el proceso BCLG
para generaciéon de gas con altas cantidades de H, y CO, y bajas concentraciones de
CH4 e hidrocarburos ligeros, lo cual es preferible cuando el gas de sintesis se desea
utilizar para la produccién de combustibles sintéticos como el diésel y la gasolina
elaborados mediante Fischer-Tropsch.
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4.2.1.3. Efecto de la temperatura

En la Figura 4.23 se muestra el efecto de la temperatura del reactor de reduccién sobre
los flujos molares de gases obtenidos en la planta BCLG.
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Figura 4.23. Efecto de la temperatura sobre el flujo molar de gases a la salida del RR.
S/B ~0.6, Fs ~12 kg/h, A ~0.3.

La principal consecuencia del aumento de la temperatura de 820 °C a 920 °C fue el
aumento en la generacién de H; y CO, cuyos valores pasaron de 27.4 a 31.0 mol/kg de
biomasa y de 12.9 a 19.3 mol/kg de biomasa, respectivamente. Asimismo, la
temperatura favorecié el reformado de metano e hidrocarburos ligeros de manera
muy destacada. Este hecho es significativo dado que con los transportadores
Fe,03/Al,03 el flujo de Ci-Cs descendid muy ligeramente. No obstante, este
comportamiento era el esperado atendiendo al aumento del efecto catalitico del Cu®
con la temperatura observado en el estudio realizado previamente. De esta forma, el
flujo molar de CH4 a ~920 °C fue de 2.3 mol/kg, el valor mas bajo de todos los estudios
publicados en la bibliografia. Por otro lado, a dicha temperatura tampoco se
detectaron hidrocarburos ligeros CaHg y CsHs.

Asimismo, otro factor que ha repercutido de manera positiva en la produccién de Hy y
CO fue la mejora en la captura de CO;, que como se puede ver en la Figura 4.24,
ascendié desde el 73 % al 93.1 % con el aumento de la temperatura de 820 °C a 920 °C
debido al aumento en la velocidad de gasificacién del char en el RR. Esto evitd que el
carbono pasase al RO donde se hubiese formado CO; que seria emitido a la atmdsfera.
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Figura 4.24. Efecto de la temperatura sobre los parametros de gasificacion. S/B ~0.6, Fs

~12 kg/h, L ~0.3.

El resultado del aumento en la velocidad de gasificacion del char, reflejado en la mayor

captura de CO3, sumado a la mayor conversién de metano e hidrocarburos ligeros

dieron lugar a un aumento en el rendimiento a gas de sintesis desde 0.89 a 1.14

Nm3/kg cuando la temperatura aumentd desde 820 °C a ~920 °C. La eficacia de

gasificacion fria, ng, también mejord, aunque de manera moderada (75 % a 80 %) ya

gue el aumento en la cantidad de gas de sintesis se compensd parcialmente con el

descenso en el flujo de metano.
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4.2.1.4. Formacion de alquitranes

En la Figura 4.25 se muestra la distribucion de los compuestos de alquitranes medidos
utilizando el transportador Cul4Al_ICB a las tres temperaturas estudiadas (820, 880 y
920 °C) manteniendo la relacién vapor-biomasa, S/B ~0.6, Fs~12 kg/h y A ~0.3.
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Figura 4.25. Efecto de la temperatura sobre el contenido total de alquitranes (g/kg).
S/B ~0.6, Fs~12 kg/h, A ~0.3.

El Naftaleno fue de nuevo el compuesto mayoritario entre los alquitranes, seguido en
menor medida por el Fenantreno y el Benceno. La concentracion de todos los
compuestos disminuyé de manera muy destacada con el aumento de la temperatura,
descendiendo la cantidad total de alquitranes desde 3.85 g/kg a 820 °C hasta 0.35 g/kg
a 920 °C (equivalentes a 3.02 y 0.22 g/Nm?3 de gas en base seca y libre de N3). Estas
cifras suponen una reduccién drdstica con respecto al uso de los transportadores
Fe,03/Al,03 estudiados en la seccion 4.1.1.4, donde se detectaron valores de 1.3-1.8
g/kg a 930 °C.

Asimismo, realizando una comparacién con otros trabajos previos encontrados en la
bibliografia, se puede comprobar que el Cul4Al_ICB ofrece la menor generacion de
alquitranes de entre todos los transportadores probados en BCLG hasta el momento.
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En la Tabla 4.5 se muestra un resumen de las cantidades de alquitranes obtenidas
utilizando diferentes transportadores en el proceso BCLG en condiciones de operacion
similares.

Tabla 4.5. Formacion de alquitranes (g/kg de biomasa seca) utilizando diferentes
transportadores. S/B ~0.6, Fs ~12 kg/h, A ~0.3.

T llmenita Mineral Mineral LD Slag FelOAl Fe20Al Fe25Al Cul4Al_ICB

(°C) de Fe de Mn

820 2.8 13.2 20.3 4.3 4.2 3.9 4.5 3.8
880 1.8 3.8 15.1 3.3 2.6 3.0 2.5 1.6
930 1.3 5.1 11.5 3.1 15 1.8 13 0.3

El uso del mineral de Fe “hematita” generé cantidades de alquitranes (entre 3.8 y 13.2
g/kg de biomasa), mientras que el mineral de Mn superd en todos los casos los 11.5
g/kg. El valor mas bajo de alquitranes utilizando un transportador de oxigeno mineral
se obtuvo con la ilmenita, donde se generaron 1.3 g/kg de biomasa a 940 °C. Ademas,
hay que destacar que tanto estos resultados de conversién de alquitranes como los de
conversion de CHa corroboran los resultados del efecto catalitico y su variacidn con la
temperatura anticipados por el lecho fluidizado discontinuo. El residuo de aceria LD
Slag generd valores entre 3.1 y 4.3 g/kg de biomasa. En general también se puede
observar que los transportadores sintéticos (FelOAl, Fe20Al y Fe25Al) ofrecieron
contenidos inferiores de alquitranes que los minerales. Sin embargo, hay que destacar
los bajos valores obtenidos con el transportador Cul4Al _ICB, especialmente a las
temperaturas mas altas.

De esta forma, se puede concluir que el transportador Cul4Al_ICB consiguié el
objetivo de reducir la cantidad de alquitranes generados en el proceso BCLG,
superando en este aspecto a cualquier otro transportador propuesto con anterioridad.

4.2.1.5. Caracterizacion del transportador Cul4Al_ICB.

Si bien el propdsito inicial de la seleccidn del transportador Cul4Al_ICB para el proceso
BCLG fue la mejora de la calidad y el aumento de la cantidad del gas de sintesis, el
mantenimiento de la integridad mecdnica de las particulas del transportador es un
parametro que determinard de manera decisiva su viabilidad de uso en el proceso
BCLG.

La primera prueba que indicé un buen comportamiento del transportador fue la no
aparicion de aglomerados ni particulas sinterizadas, encontrandose todo el
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transportador recogido al final de la operacion en buen estado. En la Figura 4.26 se
observa que debido al menor estado de oxidacién, el transportador habia cambiado
Unicamente del color marrén tipico de los aluminatos de Cu a un mads color rojizo,
tipico del Cuz0 y del Cu®.

b)

a)

Figura 4.26. Imagenes del transportador fresco (a) y después de 38 h de gasificacidon

(b).

Con el fin de evaluar la resistencia mecdnica del transportador a la abrasién, durante la
operacion se recogieron las particulas elutriadas en los ciclones y filtros dispuestos a lo
largo de la unidad. Para calcular la velocidad de atricién, se consideraron Unicamente
las particulas con un diametro inferior a 40 um (Lyngfelt y col., 2005b). En la Figura
4.27 se muestra la evolucion de la velocidad de atricién a lo largo de 45 h de
operacion. Dicha velocidad de atricion fue calculada segun la ecuacion (2).
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Figura 4.27. Velocidad de atricidon del Cul4Al_ICB en funcidn del tiempo.

El transportador generé una cantidad relativamente alta de particulas finas durante las
primeras 10 horas de operacidn (0.06—0.02 %/h). Se observd que esta generacion de
finos, con tendencia decreciente en las primeras horas de la campana experimental,
estaba relacionada con la generacién de pequeiias particulas producidas en el proceso
de impregnacién y como consecuencia del redondeo de las particulas del soporte
utilizado en la preparaciéon cuyas formas son irregulares. Sin embargo, en las 30 h
restantes de operacidn, la generacion de particulas se estabilizd en ~0.012 %/h,
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pudiéndose inferir un valor de vida media de 8000 h para el Cu14Al_ICB. Esta cifra es
muy superior a la obtenida con los transportadores Fe;03/Al,03 cuyos valores
oscilaron entre 100 y 900 h. Adicionalmente, la vida media inferida en este trabajo es
significativamente mayor a la obtenida en todos los trabajos realizados con
transportadores en operacién en continuo de BCLG. En la Tabla 4.6 se muestra una
comparativa de los resultados de vida media disponibles en la bibliografia para
combustidn y gasificacion. En esta se incluyen ademas los resultados correspondientes
a la realizacion de esta tesis.
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Tabla 4.6. Vidas de diferentes transportadores de oxigeno operando en CLC y BCLG

CLC BCLG
Combustible Trr Vida media (h) Referencia Biomasa Trr Vida media (h) Referencia
limenita ; 900 1300 Cuadrat y col. 2012b Pino 820-940 630 C°”gg;'l‘; col.
Syngas
. CHg4 830—880 2000 Pans y col. 2015 . Condoriy col.
Hematita PSA Pino 820-940 300 2021b
Carbén 875—930 1000 Mendiaray col. 2014
. . Condoriy col.
Mineral de Mn - - - - Pino 820-930 160 2021b
Syngas Pino Condoriy col
LD Slag yne 800-950  110-170 Moldenhauer y col. 2020 Huesooliva  820-930 300 y cot
CH. . 2021c
Cascara almendra
FelOAl - - - - Pino 820-940 900 Articulo Il
Fe20Al EH; 900 1100 Cabello y col. 2014a Pino 820-940 350 Articulo |
2
Fe25Al - - - - Pino 820-940 100 Articulo Il
Cul4Al CH4 800-900 5000 Cabello y col. 2016b
Comercial CH, 900 7200 Lambert y col. 2018
Adanez y col. 2006;
CH4 800 2400 de Diego y col. 2007;
Cabello y col. 2016b _ 8000 ]
Cul4dAl_icB CHq 300 1100 Forero y col. 2011 Pino 820-920 +2000 Articulo VI
CH, 900 <400 Foreroy col. 2011
CH4 800—-880 5000 Forero y col. 2009
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Aunque los datos disponibles sobre vida media son limitados, se aprecia que la vida
media de la mayor parte de transportadores utilizados en condiciones de combustién
es notablemente superior a la de gasificacién. Los transportadores de oxigeno
minerales y residuos probados sufren una disminucién de su vida media a menos de la
mitad cuando son sometidos a condiciones de gasificacidn, con respecto a la operacién
en combustion. De manera similar, la vida media de los transportadores Fe;03/Al,03
disminuye notablemente en el proceso de gasificacién, aunque esta bajada puede ser
minimizada mediante el descenso del contenido en Fe;0s. El Unico transportador que
muestra la tendencia contraria es el CuldAl_ICB cuya resistencia aumenta en
condiciones de gasificacion. Debe destacarse que los resultados de este transportador
en combustion fueron obtenidos mayoritariamente en trabajos desarrollados a
temperaturas de 800 °C, mientras que la experimentacién en esta tesis se realizé a
temperaturas mas elevadas.

Comparando los resultados de los trabajos disponibles operando en condiciones BCLG
se observa que el transportador Cul4Al_ICB tiene una vida media muy superior al
resto de materiales probados en BCLG. El uso de ilmenita dio lugar a una vida media de
630 h, siendo este el transportador mineral de mayor resistencia, muy por encima del
mineral de hierro, hematita (300 h) y el mineral de manganeso (160 h). La resistencia
del Cul4Al_ICB fue igualmente superior a la del residuo de la industria del acero LD
Slag (300 h) y a los tres transportadores sintéticos de Fe;03/Al,0s desarrollados
durante esta tesis (100—900 h). Para entender este comportamiento se realizé6 una
caracterizacidn del transportador de oxigeno Cul4Al_ICB.

En la Figura 4.28 se muestra el perfil XRD de las muestras fresca y usada extraidas del
RRy RO aunaA~0.3yS/B~0.6.
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Figura 4.28. Perfiles XRD del transportador fresco y de las muestras extraidas en el
Test 4 (920 °C, A ~0.3, S/B ~0.6) (Ver Tabla A4 en Anexos).

El transportador fresco estaba compuesto por CuO, CuAl,Os y AlLO3 y fue
completamente reducido hasta cobre metdlico en el reactor de reduccién y
posteriormente oxidado a Cu;O en el reactor de oxidacidon. Por tanto, en el
transportador usado no se detectd CuO, ni ningln tipo de aluminato, actuando
Unicamente el par redox Cu® — Cuz0 en el proceso una vez el sistema alcanzo el estado
estacionario. De este hecho se infiere que la interaccion entre el 6xido de cobre y la
alimina es minima, interviniendo esta exclusivamente como soporte. Este mecanismo
evita la formacién de aluminatos de cobre que causarian cambios volumétricos en las
particulas, provocando su debilitamiento, tal como sucede en el proceso CLC.

Unicamente se observé que la porosidad descendié ligeramente desde 38.4 % a 35.3
%, lo que favorecié la preservacién de la dureza del transportador, manteniéndose
esta casi constante hasta el final de la campafia experimental (2.5 N para las muestras
frescas y 2.3 N después de 45 h). Debe remarcarse que el par redox Cu® — Cuz0 tuvo
lugar debido a las condiciones propiciadas por el método de control de oxigeno
utilizado en este trabajo, donde la restriccién de O a la entrada del RO (~3 %vol)
impidid la formacién de compuestos mas oxidados como el CuAl;04. La ausencia de
CuAl;04 evité asimismo la formaciéon de CuAlO; siguiendo la ruta de desacoplamiento
de oxigeno de CuAl;04 (Cabello y col., 2023). Este compuesto se caracteriza por las
dificultades para su reoxidacion y por tanto promueve la pérdida de capacidad de
transporte de oxigeno del transportador (lzquierdo y col., 2021).

En la Figura 4.29 se muestran fotografias obtenidas a partir de microscopia de barrido
electrénico, SEM, del estado de la microestructura de las particulas y la distribucién de
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elementos mediante EDX. En ellas se puede ver que el transportador permanecié
practicamente inalterado después de 45 h de operacién.

Fresco 15 h de operacion 45 h de operacion

Figura 4.29. Microestructura de las particulas enteras y cortadas y distribucién de
elementos mediante EDX.
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Al igual que en los transportadores basados en Fe;03/Al,0s3, las particulas frescas se
caracterizan por tener formas irregulares con numerosas aristas (imagenes al y bil),
que son las causantes de generar finos en las primeras horas de operacién debido al
redondeo de las mismas. Asimismo, se observan pequefios granulos pegados en la
superficie de las particulas (imagen c1). Después de 15 horas de circulacion, el
transportador tiene un aspecto mds redondeado, y las pequenas particulas pegadas en
la superficie exterior del transportador se han despegado y han sido elutriadas
(imagenes a2, b2 y c2), correspondiendo con la atricion observada al inicio de la
operacién. No se encontraron roturas ni grietas en la capa externa, preservandose la
integridad de las particulas a lo largo de 45 h de operacién (imagenes a3, b3 y c3). En
las muestras cortadas (serie de imagenes d) no aparecieron aglomerados de cobre,
tipicos de este material a alta temperatura en condiciones de combustidn.

Aunque en la muestra fresca se observa una capa brillante en la parte externa de
transportador, el andlisis mediante EDX demostré una buena dispersion del cobre en el
interior de las particulas manteniéndose esta distribucién hasta el final de la campafia
experimental (imagenes e2 y e3). De esta forma, los resultados observados en este
estudio coinciden plenamente con el trabajo realizado por Cabello et al. (2022) donde
se establecié que la migracién de cobre al exterior de las particulas se puede limitar
mediante la operacién a conversiones bajas de transportador y en atmdsfera
reductora.

Finalmente, para evaluar la evolucidn de la reactividad y de la capacidad de transporte
se llevaron a cabo experimentos en termobalanza con muestras extraidas de la planta
piloto a lo largo de la operacién. Se utilizd como gas de reduccion una mezcla de 15
%vol Ha y 20 %vol H,0 (resto N») y aire como gas de oxidacién a 950 °C.
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Figura 4.30. Conversion de reduccidn de las particulas de Cul4Al_ICB frescas y usadas.
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Como se muestra en la Figura 4.30, la reduccion fue muy rapida en todos los casos,
consiguiéndose una conversion de ~90 % en un tiempo de ~10 s. Esta alta reactividad
estaria relacionada con la distribucion uniforme del cobre en las particulas e indicaria
qgue pese al ligero descenso de la porosidad, esta no tiene un efecto importante sobre
las propiedades quimicas del transportador. Por otra parte, independientemente de su
tiempo de operacidén, todas las muestras alcanzaron una conversién casi completa al
cabo de 100 s, lo que indica que el transportador mantuvo su capacidad de transporte
durante toda la campafia. En este sentido, se confirman los resultados obtenidos
mediante XRD sobre la ausencia de CuAlO,, que causaria la inertizacion del
transportador. Asimismo, el mantenimiento de la capacidad de transporte indica que
el transportador no sufrié una pérdida apreciable de cobre durante la operacion. Este
hecho fue posteriormente ratificado mediante andlisis por la técnica ICP-OES, que
confirmé la presencia de un 11 % de Cu (equivalente a un 14 % de CuO) en las
muestras de transportador recogidas al final de la campafia experimental.

Como conclusidon hay que destacar que el transportador de oxigeno Cul4Al_ICB se
mostro viable para la produccién de gas de sintesis, con elevada generacion de H, y CO
y un bajo contenido en hidrocarburos y alquitranes. Asimismo, este sélido exhibié un
excelente comportamiento en la planta experimental que lo capacita para operar un
gran numero de horas en condiciones BCLG manteniendo sus propiedades fisico-
guimicas.
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4.3. Optimizacién del proceso BCLG

Hasta el momento se ha investigado el uso de diferentes transportadores de oxigeno a
pequefia escala con el fin de determinar las condiciones de operacién necesarias para
el proceso BCLG, asi como la resistencia a la atricién de los transportadores bajo
condiciones muy reductoras. La experimentacién se ha llevado a cabo en un prototipo
BCLG suministrando energia en los reactores mediante hornos eléctricos. El aporte
externo de calor posibilita el estudio del efecto de diferentes variables de operacién
incluso cuando el proceso no genera el calor suficiente para llevar a cabo las
reacciones de gasificacion.

Aunque la experimentacién en planta operando en continuo da una informacion veraz
sobre los diferentes pardmetros de gasificacion y el comportamiento del transportador
en esas condiciones, es necesario determinar aquellas que permiten operar en estado
autotérmico. Para ello se realizaron los balances de materia y energia del proceso
BCLG y se analizé el efecto de los métodos de control de oxigeno descritos en la
seccién 3.6.2 (Figuras 3.6 y 3.7), asi como la relacidn oxigeno-combustible y otras
variables caracteristicas de la operacion (Articulo VII).

El estudio se llevd a cabo asumiendo las siguientes consideraciones para un caso base:

e Laalimentacidn de biomasa es equivalente a una potencia de 1 MW.

e Elsistema BCLG se encuentra en estado estacionario.

e La biomasa se convierte totalmente en el reactor de reduccién.

o No setienen en cuenta las pérdidas de calor.

e Latemperatura del reactor de reduccion es de 900 °C.

e Latemperatura de precalentamiento de gases de entrada es de 450 °C.

e El precalentamiento de gases de entrada se realiza mediante el
aprovechamiento del calor sensible de los gases que salen de ambos reactores,
RRy RO.

e El gas de salida de los reactores se enfria hasta 100 °C, considerando el calor
latente de la condensacion del agua como no aprovechable.

e Se utilizé el transportador de oxigeno Fe20Al, asumiendo Fe;03/Fe304/FeO
como pares redox.

e El material utilizado como inerte (Al,03) transfiere calor entre reactores pero
no participa en las reacciones.

De acuerdo con las suposiciones anteriores, se resolvido el balance de calor global
teniendo en cuenta la entalpia asociada a los gases y sdlidos introducidos en el sistema
segln la ecuacion (18):

AHscg = AHgr + AHro (18)
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donde AHgrr y AHro son la variacién de entalpia de cada reactor y AHgci la variacion de
entalpia total en el sistema.

Independientemente del método de control utilizado para transferir oxigeno entre
reactores, la composicién del gas de salida del reactor de reduccién estd directamente
condicionada por la cantidad de oxigeno transportado. En la Figura 4.31 se muestra la
composicion de salida del RR en equilibrio termodindmico en funcién de la relacién
oxigeno-combustible a una temperatura de gasificacion de 900 °C y una relacién
vapor-biomasa de 0.6.

60
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relacion oxigeno-combustible, A

Figura 4.31. Composiciéon de gases en equilibrio termodindmico en funciéon de la
relacion oxigeno-combustible, A. Trr= 900 °C, S/B= 0.6.

Como se puede ver, cuando no se transporta oxigeno (A= 0) el H, y CO son los
compuestos mayoritarios, con un 50 % y 36 %, respectivamente. El aumento de la
transferencia de oxigeno provoca la oxidacién de estos dos gases, aumentando la
concentraciéon de H,O y CO2. A una A >1 se alcanzaria la combustion completa del
combustible dando lugar a una composicion del 60 % de H,O y 40 % de CO:2 en el
reactor de reduccién. Cabe destacar que, en el equilibrio termodinamico no se

formaria CHs4 a ninguna A.

Como se puede ver, los mejores valores de gas de sintesis se obtienen cuando no se
introduce oxigeno en el sistema, pero se necesitaria aporte externo de energia. En este
sentido, es necesario determinar aquellas condiciones que permitan maximizar la
generacion de gas de sintesis en condiciones autotérmicas.
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4.3.1. Andlisis del método de control de oxigeno

Como se comentd en el apartado 3.6.2, existen principalmente dos métodos para
limitar la transferencia de oxigeno al combustible y como se acaba de mostrar (Figura
4.31) la composicidon del gas de sintesis esta condicionada a la cantidad de oxigeno
suministrada al combustible. Por tanto, esta cuestion se ve influenciada por el método
de control utilizado. En este apartado se muestra el estudio del balance energético de
ambos métodos de control de oxigeno segun las condiciones establecidas inicialmente.

En la Figura 4.32 se muestra el balance de calor del sistema utilizando diferentes
velocidades de circulacién de sélido (desde 1.4 kg/s a 15 kg/s) para el método OCM-1.
Una AHsgcie >0 indica que el calor generado en el RO es insuficiente para cumplir el
balance de calor, mientras que una AHgcic <0 significa que hay un exceso de calor que
es necesario extraer del sistema. Por tanto, AHgcie= O indicaria que el sistema se
encuentra en condiciones autotérmicas.
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Figura 4.32. Balance de calor en el sistema en funcién de A a diferentes circulaciones
de sélidos. Caso base con el método de control OCM-1 usando Fe20Al.

Se observa que para una circulacién determinada, las necesidades energéticas del
sistema descienden cuando la transferencia de oxigeno aumenta, hasta alcanzar
AHgcie= 0. A partir de ese punto, se produciria un exceso de calor (AHscic <0) que
deberia ser retirado.

Por otro lado, se puede ver que el valor de A requerido para alcanzar el estado
autotérmico es menor cuando se aumenta el flujo de circulacién de sédlidos, Fs. De
acuerdo con las consideraciones iniciales, para operar en estado autotérmico se
necesitaria un valor minimo de A= 0.375 que corresponderia a una circulaciéon de 15
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kg/s. Por el contrario, podria operarse con menores circulaciones a costa de
incrementar la relacion oxigeno-combustible, A, y por tanto reducir la generacion de
gas de sintesis. De este modo, el sistema BCLG podria operar con una circulacién
minima Fs= 1.6 kg/s a una A= 0.4, que corresponderia con la conversidon completa de
sélido (AXs= 1) para el transportador Fe20Al.

En la Figura 4.33 se muestra el efecto de la circulacion de sélidos sobre la diferencia de
temperatura entre reactores, AT, la relacidn oxigeno-combustible, A, y la conversién
de sélidos, AXs en operacion autotérmica utilizando el OCM-1.
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Figura 4.33. Efecto de la circulacion de sélido sobre AT y A (a) y AXs (b) en el OCM-1.

El aumento de la circulacién de transportador de oxigeno produce un descenso
exponencial de los valores de AT y AXs. Como consecuencia de la menor diferencia de
temperatura entre reactores, las pérdidas de calor en los gases de salida en el RO son
menores y por tanto el valor de A necesario para alcanzar el estado autotérmico es
también mas bajo. De esta forma, se puede comprobar que la operacién con altas
circulaciones (menores valores de A) permite obtener mayores concentraciones de gas
de sintesis (ver Figura 4.31).

Sin embargo, una circulacién demasiado elevada de sdlidos podria dar lugar a un
tiempo de residencia muy bajo, disminuyendo la cantidad de char gasificado en el RR y
por tanto reduciendo la concentracion de gas de sintesis. Ademas, el carbono no
gasificado pasaria al RO donde seria quemado por contacto con el aire y se emitiria
CO; a la atmésfera.

En el método de control OCM-2 la transferencia de oxigeno esta ligada a la circulacién
del transportador, que se regula mediante el caudal de aire alimentado en el RO. Por
tanto, un aumento de la circulacién de transportador implicara alimentar un mayor
caudal de aire, lo que supone mayores pérdidas de calor en el gas de salida en este
reactor y por tanto una menor generacion de gas de sintesis.
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Debe tenerse en cuenta que el uso de este método da lugar a la oxidacion completa
del transportador en el RO, generando un exceso de oxigeno a la salida del RO. En la
Figura 4.34 se muestra el efecto de la circulacién de transportador sobre la variacién
de temperatura entre reactores, AT y sobre el valor de A necesario para operar en
condiciones autotérmicas con este método de control de O,.
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Figura 4.34. Efecto de la circulaciéon de transportador de oxigeno sobre AT y A en
condiciones autotérmicas utilizando el OCM-2.

Como se puede observar, un aumento de la circulacidn de sélidos reduce la diferencia
de temperatura entre reactores, al igual que en el método OCM-1, pero en este caso
se producen mas pérdidas de calor a la salida del RO debido al mayor volumen de aire
alimentado. Por ello, el aumento de la circulacién requiere trabajar con mayores
valores de A, reduciendo la concentracion de gas de sintesis a la salida del RR. El valor
minimo de A con el que seria posible operar utilizando este método seria A= 0.4,
correspondiente con una circulacion de 1.6 kg/s donde el oxigeno total alimentado en
el RO seria consumido (0 % exceso). Este punto, que permite trabajar a la menor A y
por tanto es el mas favorable en el método OCM-2, es justamente el mas desfavorable
en el método OCM-1.

En la Figura 4.35, se muestra la diferencia de temperatura necesaria para operar en
condiciones autotérmicas en funcién de la relaciéon oxigeno-combustible, A, en ambos
métodos de control.
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Figura 4.35. Diferencia de temperatura entre reactores operando en condiciones
autotérmicas con OCM1y OCM-2.

Utilizando el método de control OCM-1, el aumento de la circulacion de transportador
de oxigeno causa un descenso de la diferencia de temperatura entre los reactores y en
la relacion oxigeno-combustible, aumentando por tanto la concentracién de gas de
sintesis. Por el contrario, utilizando el OCM-2, una mayor circulacidon de transportador
supone el aumento del valor de A necesario para alcanzar las condiciones
autotérmicas, reduciendo el rendimiento a gas de sintesis.

La comparacién entre ambos métodos muestra claramente que el uso del OCM-1
permite obtener mayores cantidades de gas de sintesis. Adicionalmente, con este
método es posible operar en un intervalo amplio de diferencia de temperatura sin
grandes variaciones de A. Por el contrario, el método OCM-2 requiere operar con
elevadas A para lograr bajas diferencias de temperatura entre reactores.

Como conclusién se puede deducir que el uso del método de control OCM-1 permite
una mayor adaptabilidad a los pardmetros de operacidn, evitando cambios
importantes en la composicién de gases. De hecho, coincidiendo con el final de esta
tesis, Dieringer y col. (2023) demostraron la operacion BCLG en condiciones
autotérmicas utilizando este método de control en la unidad de 1 MW ubicada en Ila
Universidad Tecnoldgica de Darmstadt (ver Figura 1.27). En dicho trabajo, se recirculd
parte del N obtenido a la salida del RO para mantener las propiedades
fluidodinamicas del sistema, tal y como se propuso al inicio de esta tesis. Los
resultados publicados muestran que este método de control de oxigeno posibilita la
operacion en condiciones autotérmicas evitando problemas de cardcter
fluidodindmico, una mejor transicion entre diferentes condiciones de operacién y la

133



4. Resultados

obtencién de un gas de sintesis con elevado poder calorifico. De esta forma, el método
propuesto es considerado como el dptimo para operar en grandes instalaciones de
BCLG.

4.3.2. Andlisis de variables del proceso

Para completar la optimizacién del proceso BCLG se estudid el efecto de diferentes
variables que afectan al balance de energia y por lo tanto al rendimiento y
composicion del gas de sintesis.

4.3.2.1. Contenido en Fe20s en el transportador

La capacidad de transporte de oxigeno, Roc, depende de la cantidad de fase activa
presente en el sélido; una mayor concentracién de fase activa implica mayor capacidad
de transporte. En este apartado se realizé una simulacién del balance energético
considerando el uso de cuatro transportadores con un 10 %, 20 %, 30 % y 40 % de
Fe20s, que corresponderian con valores de Roc entre 1.0 y 4.0. En la Figura 4.36 se
muestran los resultados de esta simulacién para ambos métodos de control del O,.
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Figura 4.36. Efecto del contenido de Fe;0s en el transportador sobre el proceso BCLG
en condiciones autotérmicas.

Se puede apreciar que el método de control OCM-1 permite utilizar los tres
transportadores con una misma circulacién de sélido y relacidon oxigeno-combustible
(mismo valor de A) obteniéndose por consiguiente la misma cantidad de gas de
sintesis.
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Si bien puede operarse a una misma A y Fs con diferentes transportadores, debe
considerarse que se producen diferencias en la variacion de conversién del
transportador, AXs, que afectaran a la vida media de los transportadores, como se vio
en la seccidon 4.1.2. En este sentido, la disminucidon del contenido en Fe;0s3 conlleva un
aumento de AXs para una misma A y Fs, mejorando la vida media de las particulas. Esto
lleva a concluir que lo ideal es trabajar con altos valores de circulacidon de sélidos y
altos valores de AXs, lo cual se consigue con bajos contenidos de fase activa en el
transportador de oxigeno, como es el caso del transportador Fel0Al.

Por el contrario, utilizando el método de control OCM-2, si aumenta la cantidad de
fase activa en el transportador, para mantener constante la transferencia de oxigeno,
A, habria que reducir la circulacién de sélido, que a su vez aumentaria la diferencia de
temperatura entre reactores, disminuyendo la generacién de gas de sintesis.

Para evitar trabajar con elevadas AT utilizando el OCM-2 deberia reducirse el
contenido en Fe;0s3, pero esto no seria posible con algunos transportadores. Un
ejemplo de ello seria el uso de ilmenita, cuya capacidad es similar a la del material
simulado con un 40 % (Roc ~4.0). En estos casos, la operacién a bajas AT requeriria la
dilucion del transportador con un sélido inerte. Por el contrario, seria factible operar
con este tipo de transportadores en un intervalo amplio de AT utilizando el OCM-1.

La comparacion entre métodos de control arroja por tanto una clara ventaja para el
método OCM-1 desde el punto de vista energético, pudiendo obtenerse una mayor
cantidad de gas de sintesis en un amplio intervalo de condiciones operacionales.
Asimismo, utilizando el OCM-1 se dan condiciones favorables para maximizar la vida de
los transportadores sintéticos de Fe sobre alimina, ya que permite trabajar con bajos
contenidos de Fe»0s, incluso menores al utilizado en el FelOAl. Finalmente, cabe
indicar que el método OCM-1 posibilita la obtencién de una corriente pura de N> a la
salida del RO, ya que todo el oxigeno alimentado al RO es utilizado para regenerar el
transportador.

4.3.2.2. Temperatura de precalentamiento de los gases de entrada a los
reactores

Otra cuestidon que afecta al proceso BCLG desde punto de vista energético es el
aprovechamiento de calor sensible presente en los gases de salida de los reactores.

En las simulaciones previas se ha supuesto que los gases se alimentaban a los
reactores a una temperatura de 450 °C, calentados por el calor sensible de los gases de
salida. Sin embargo, en dichas simulaciones se ha observado que trabajando en
condiciones de operacién autotérmicas se genera un excedente de energia que
abandona el sistema a través de los gases de salida. Este exceso de energia,
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denominado surplus, podria utilizarse para la produccion de vapor o energia dentro del
proceso, o bien para aumentar la temperatura de precalentamiento de los gases de
entrada a los reactores por encima de 450 °C. En la Figura 4.37 se muestra el efecto del
aumento en la temperatura de precalentamiento de los gases de entrada a los
reactores sobre el rendimiento a gas de sintesis, Y, el surplus de energia, y la relacién
oxigeno-combustible para operar en condiciones autotérmicas.
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Figura 4.37. Efecto de la temperatura de precalentamiento de gases de entrada a los
reactores sobre el rendimiento a gas de sintesis en condiciones autotérmicas. OCM-1,
Fs= 6 kg/s.

Se observa que el aumento de la temperatura de precalentamiento del gas alimentado
a los reactores reduce de manera significativa la energia necesaria para la operacién
en condiciones autotérmicas. El aumento de la temperatura de los gases de entrada
desde 450 °C a 750 °C provoca un descenso de A desde 0.38 hasta 0.33, aumentando
el rendimiento a gas de sintesis desde 1.32 a 1.43 Nm?3 por kg de biomasa seca y
reduciendo el surplus de 10.6 % a 4.0 %. Por tanto, para el proceso BCLG es
beneficioso precalentar los gases lo maximo posible.

4.3.2.3. Presencia de CHsen el gas de sintesis

En el caso base se ha asumido que los productos obtenidos a la salida del reactor de
reduccion se encuentran en equilibrio termodindamico. Bajo esas condiciones, la
concentracion de metano presente a la salida del reactor de reduccién es
practicamente nula. No obstante, como se vio en la seccidén 4.1.1, los experimentos
realizados en la planta piloto con operacién en continuo mostraron concentraciones
de CHs4 entre 5y 10 %vol que se generaban durante la desvolatilizacidon de la biomasa.
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Por ello, se realizd una simulacién adicional considerando la presencia de diferentes
concentraciones de CHs (0, 5, 7.5, 10 %vol) a la salida del reactor de reduccion vy el
resto de gases en condiciones de equilibro. En la Figura 4.38 se muestran los valores de
AT y A necesarias para alcanzar el estado autotérmico asumiendo diferentes
concentraciones de CHs en el gas de sintesis para los dos métodos de control de
oxigeno considerados.
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Figura 4.38. Efecto del contenido en CH4 en el gas de salida del reactor de reduccién
sobre la operacién autotérmica.

Se observa que la presencia de CH4 favorece la operacién a menores relaciones
oxigeno-combustible. Utilizando el método de control OCM-1 se podria operar con
valores de A entre 0.27 y 0.287 con una concentracién del 10 %vol de CHa, mientras
gue la conversion completa de CH4 (0 %vol) requiere operar con A desde 0.375 a 0.34.

Utilizando el método OCM-2 tiene lugar una tendencia similar a los observado con el
OCM-1 en los valores de A requeridos para la operacién en condiciones autotérmicas,
necesitandose menores relaciones oxigeno-combustible cuando la concentracién de
CH4 aumenta. Sin embargo, la concentracion de CHs apenas afecta al a diferencia de
temperatura entre reactores tanto en el OCM-1 como en el OCM-2.

La necesidad de valores menores de A para alcanzar el estado autotérmico se debe al
menor requerimiento energético al aumentar la concentracion de CHg, ya que este se
convierte en CO y H, mediante la reaccion de reformado, que es muy endotérmica.

4.2.2.4. Temperatura de gasificacion y relacion vapor-biomasa

Ademds de la relacidon oxigeno-combustible, la temperatura de gasificacion y la
relacion vapor-biomasa influyen de manera notable en la composicién del gas
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obtenida. Un aumento de la temperatura del reactor de reducciéon favorece la
conversidon de char en este reactor, mientras que el principal efecto de la relacién
vapor-biomasa es la variacion de la relacién H,/CO obtenido en el gas de sintesis. Por
ello, su efecto debe ser integrado en los balances de energia.

En Figura 4.39 se muestra el efecto de la temperatura del reactor de reduccién y de la
relaciéon vapor-biomasa para los valores de A necesarios para la operacién en estado
autotérmico con diferentes caudales de circulacion de transportador. Dado que en
apartados anteriores el OCM-1 fue considerado el mejor método, Unicamente se
simularon estos parametros en el método de control OCM-1.
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Figura 4.39. Efecto de la temperatura del RR (a) y relacién vapor-biomasa (b) sobre el
proceso en condiciones autotérmicas. OCM-1.

En la Figura 4.39a se puede ver que el aumento de la temperatura del reactor de
reduccion de 850 °C a 950 °C implica un aumento del excedente de energia y requiere
un aumento del valor de A para todas las circulaciones simuladas, debido al
incremento de pérdidas de calor a través de los gases de salida. Como consecuencia, el
aumento de la temperatura del reactor de reduccién provoca un descenso en el
rendimiento a gas de sintesis obtenido. De manera similar, en la Figura 4.39b se puede
ver que el aumento de la relacion vapor-biomasa de 0.6 a 1.5 necesita un aumento de
A. Sin embargo, en este caso el surplus de energia desciende, ya que se es necesaria
una mayor cantidad de energia para evaporar el agua alimentada al reactor de
reduccion.

De acuerdo con los resultados obtenidos en este apartado se puede concluir que la
operacion a bajas temperaturas y relaciones vapor-biomasa permite obtener un mayor
rendimiento a gas de sintesis. Sin embargo, como se apuntd inicialmente, la reduccién
de estas variables podria dar lugar a menores conversiones de char y cambios en la
relacion H,/CO.
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Por tanto, el valor minimo de estos parametros debera ser determinado por las
condiciones de operacion necesarias para maximizar la conversién de char en el RRy
obtener la relacién H,/CO deseada.

4.3.2.5. Tipo de transportador de oxigeno

Toda la simulaciéon de esta seccidn se ha realizado utilizando en el caso base el
transportador Fe20Al. Sin embargo, como se vio en la seccién 4.2, con el transportador
de oxigeno basado en Cu, Cul4Al_ICB, se obtenian mejores resultados que con el
basado en Fe.

En la Figura 4.40 se muestra una comparacion de ambos transportadores. Se puede
observar que los resultados obtenidos con ambos transportadores son muy similares,
por lo que las conclusiones extraidas para el Fe20Al son extrapolables a otros
transportadores como el Cul4Al_ICB. En este caso, la principal diferencia entre el uso
de un tipo u otro de transportador es que los transportadores de oxigeno basados en
Fe requieren bajos contenidos en Fe para aumentar AXs y con ello la vida media. Por el
contrario, los transportadores basados en Cu requieren bajos valores de AXs para
aumentar su vida media, lo que conlleva el uso de mayores contenidos en Cu, pero
siempre evitando la aglomeracion.
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Figura 4.40. Efecto de la circulacién sobre (a) AT y (b) A utilizando Fe20Al (linea
continua) y Cul4Al_ICB (linea discontinua).
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4.3.3. Recirculacion de nitrogeno en OCM-1

Como ha visto en la seccidn anterior, el método de control OCM-1 es el mas adecuado
para el proceso BCLG, ya que permite un mejor control del proceso y ademas obtener
mayores cantidades de gas de sintesis. El principal problema de este método es que
parte del N; de salida del RO debe ser recirculado para alcanzar la velocidad de gas
necesaria para circular la cantidad de sélido deseado. En este apartado, se ha estimado
el flujo de N, que debe ser recirculado para controlar la velocidad de gas y por tanto el
flujo de sélidos en circulacion. La seccidon del RO, Sgo, el flujo total de gas alimentado al
RO, Qgro Yy el flujo de N recirculado, Rn2, se calcularon conforme a las siguientes

ecuaciones
FS
SRO= G—s (19)
Q, k0= Spo"Uro (20)
Ry, = &-100 = L-wo (21)
Qg,RO ClNZ-I- Qair

donde Rn; es el ratio de recirculacidon de N, Gs es el caudal especifico de sélidos, Qu: el
caudal de N; recirculado al RO, ugo la velocidad en el RO y Quir el caudal de aire
alimentado al RO .
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En la Figura 4.41 se muestra el ratio de recirculacion de N> para diferentes valores
tipicos de caudales especificos de circulacion de sélido para un lecho fluidizado (Gs
entre 20 y 80 kg/m?s), asumiendo una velocidad superficial del gas, uro, de 5 m/s.
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Figura 4.41. Ratio de recirculaciéon de Nz (%) para diferentes caudales especificos de
sélido.

Como se puede ver, el ratio de recirculacién de N, aumenta exponencialmente cuando
aumenta el caudal de circulacion del sélido, Fs. Lygnfelt y col. (2001), estimaron valores
de Gs de 50 kg/m?s para operacion de CLC en condiciones atmosféricas. Para ello, se
deberia recircular entre el 75 % y el 96.6 % del N, para caudales de circulacion de
solidos entre 2 y 15 kg/s.
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5. CONCLUSIONES

Durante esta tesis se ha estudiado el proceso de gasificacién de biomasa mediante la
tecnologia “Biomass Chemical Looping Gasification” (BCLG) para la produccion de gas
de sintesis (CO y Hz) con captura de CO; utilizando transportadores sélidos de oxigeno
sintéticos. Se ha investigado el proceso completo, abarcando tanto la seleccion,
preparacioén, caracterizacidon y prueba de transportadores en planta piloto, como el
analisis de la mejora de la cantidad y calidad del gas de sintesis. Finalmente se ha
realizado una optimizacién del proceso BCLG, determinando las condiciones que
permiten la operacién del sistema de manera autotérmica.

Las principales conclusiones alcanzadas durante la realizacién de esta tesis son:

Transportadores basados en Fe

En los experimentos realizados en planta piloto, los tres transportadores basados en Fe
(Fe1OAl, Fe20Al y Fe25Al) presentaron tendencias similares cuando A aumentd de 0.2 a
0.5, aumentado la generacion de CO; y descendiendo la formacién de H, y CO. El flujo
molar de CHs no se vio apenas afectado por este pardmetro. En todos los casos se
obtuvieron eficacias de captura de CO, >95 %, mientras que el rendimiento a gas de
sintesis descendiéo de 1 a 0.7 Nm3 por kg de biomasa seca. El aumento de la
temperatura de gasificacién de 820 °C a 940 °C tuvo poco efecto en los flujos molares
de gases, mostrando concentraciones parecidas para los tres transportadores. El
analisis de alquitranes generados mostré que el Naftaleno era el compuesto
mayoritario con un 60-90 % del total. La temperatura tuvo un efecto notable sobre
estos, descendiendo su concentracion de 4.0-4.5 a 1.3-1.8 g de alquitranes por kg de
biomasa seca cuando la temperatura aumentd de 820 a 940 °C, aunque no se
observaron diferencias significativas entre transportadores.

Se observd que la vida media estaba relacionada con el contenido en Fe;0s en el
transportador, aumentando esta de 100 a 900 h cuando el contenido en Fe;03
descendié del 25 % al 10 %. Aun asi, esta vida media es menor que la estimada en
condiciones de CLC.

En el estudio realizado en TGA se observd que en atmdsferas tipicas de gasificacién
donde el transportador se reduce completamente en el reactor de reduccion y se oxida
parcialmente en el reactor de oxidacién (AXs= 0—25 %), el hierro migraba desde el
interior de las particulas hacia la superficie exterior creando una capa externa con
aspecto esponjoso y estructura débil. Este mecanismo de migracion se ve favorecido
por el aumento de la temperatura y el contenido en Fe;0s. Por tanto, para preservar la
resistencia mecanica de los transportadores es preferible utilizar transportadores con
un bajo contenido en Fe;03 y conversiones elevadas (AXs= 0—100 %). De este modo se
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concluye que el transportador con un 10 % de Fe;0s es el mas adecuado, ya que
permitird operar con intervalos elevados de conversién, preservando asi su estructura.

Actividad catalitica de los transportadores de oxigeno

Los transportadores minerales y el residuo no mostraron actividad catalitica en la
conversion de CHa4. Por el contrario, la actividad catalitica de los transportadores
sintéticos de Fe aumentd con la temperatura, alcanzando conversiones de CHs del
40-60 % a 940 °C. El transportador con mayor actividad catalitica sobre la conversion
de CH4 fue el transportador basado en Cu, que alcanzé conversiones del 85 % a la
temperatura mas alta debido a la presencia de Cu°.

Utilizando etileno y benceno como compuestos modelo de alquitranes se concluyé que
los transportadores minerales y el residuo LD Slag tenian muy baja actividad catalitica
en la conversién de etileno y aunque aumentd con la temperatura, fue inferior a la
obtenida utilizando los transportadores sintéticos (>80 %). El transportador de oxigeno
basado en Cu alcanzd una conversiéon de etileno superior al 95 % a las tres
temperaturas (850, 900 y 950 °C). Asimismo, los transportadores sintéticos mostraron
mayores conversiones de benceno que los minerales y el residuo, aumentando la
conversion con la temperatura. El transportador basado en Cu, alcanzé una conversion
completa de benceno a temperaturas mayores de 900 °C, indicando una elevada
actividad catalitica debido a la presencia de Cu®.

Se observd que el CH4 es un intermedio en las reacciones de reformado/craqueo de
compuestos mas pesados como el etileno y el benceno. Los estudios de actividad
catalitica de los transportadores concluyeron que el transportador de Cu es el mas
prometedor para obtener una mayor cantidad de gas de sintesis y con una mejor
calidad.

Transportador basado en Cu

El aumento de A aumentod la generacién de CO; y redujo el flujo de CO y H; sin afectar
a los flujos molares de CH4 (~2.3 mol/kg de biomasa). El aumento de la temperatura de
gasificacion favorecid6 de manera notable la conversion de CHi, aumentando la
formacién de H; y CO a la salida del reactor de reduccion. De esta manera, el
rendimiento gas de sintesis alcanzé 1.14 Nm3/kg a 920 °C para una relacion oxigeno
combustible 0.3, una cifra superior a cualquier otro transportador estudiado
previamente en condiciones similares.

La presencia de alquitranes se redujo de manera muy significativa con la temperatura,
pasando de 3.85 g/kg a 820 °C hasta 0.35 g/kg a 920 °C, siendo el Naftaleno el
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compuesto mayoritario. La cantidad de alquitranes obtenida en dichas condiciones
(equivalente a 0.22 g/Nm?3 de gas) es la menor encontrada entre los datos disponibles
en la bibliografia.

El transportador de oxigeno no mostré tendencia a la aglomeracién ni particulas
sinterizadas durante la operacion. Su velocidad de atricion fue muy baja, pudiendo
inferirse una vida media de 8000 h, un valor muy superior a la de cualquier otro
transportador de oxigeno probado previamente en gasificacion y significativamente
mas alto al obtenido con el mismo transportador de oxigeno en condiciones de
combustién. Los resultados obtenidos con el transportador de oxigeno basado en Cu
indican que este sdélido reune las propiedades Optimas para el proceso BCLG,
generando una gran cantidad de gas de sintesis, con baja presencia de hidrocarburos
ligeros y alquitranes y manteniendo su integridad fisico-quimica durante un elevado
numero de horas.

Optimizacidn del proceso

El método de control de transferencia de oxigeno entre reactores basado en el control
de oxigeno alimentado al RO (OCM-1) es éptimo para operar en instalaciones BCLG.
Permite un mejor control del proceso, una facil transicion entre condiciones de
operacion y un mayor rendimiento a gas de sintesis. El método de control de oxigeno
propuesto fue posteriormente demostrado en una unidad de 1 MW: en la Universidad
Técnica de Darmstadt.

El aumento de la temperatura de precalentamiento de los gases de entrada a los
reactores reduce el valor de A necesario para operar en condiciones autotérmicas y
por tanto aumenta la generacidn de gas de sintesis. Por el contrario, el aumento de la
temperatura de gasificacidon y el aumento de la relacidn vapor-biomasa requieren un
aumento de A para cubrir las necesidades energéticas disminuyendo la generaciéon de
gas de sintesis. La presencia de CHs en el gas de salida del RR reduce los
requerimientos energéticos del sistema, pudiendo operar con A mas bajas. El tipo de
transportador de oxigeno no influye apenas en el balance energético del proceso.

Se determiné que trabajando con astillas de pino como combustible son necesarias
relaciones oxigeno-combustible entre 0.33 y 0.38 para operar en condiciones
autotérmicas pudiéndose alcanzar una eficacia de gasificacion fria de hasta el 86.2 %.
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Conclusion final

Del andlisis de los resultados obtenidos en esta tesis doctoral se puede concluir que el
transportador compuesto por un 14 % de CuO sobre Al,O3 es el candidato éptimo para
el proceso BCLG. Los experimentos en planta piloto revelan que este transportador
permite obtener grandes cantidades de gas de sintesis y con una baja presencia de
alquitranes. Asimismo, el mecanismo de reduccion de este transportador de oxigeno le
confiere una gran estabilidad mecdnica y quimica durante un elevado numero de
horas. No obstante, no debe descartarse el uso del transportador de oxigeno
compuesto por un 10 % de Fe;0s sobre aliumina, FelOAl, ya que los experimentos
realizados con este sélido han mostrado resultados prometedores en cuanto a la
cantidad y calidad del gas, asi como una elevada vida media en comparacién con
transportadores de origen mineral y residuos. Ademas, este transportador es mas
barato e inocuo para el medio ambiente.
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CONCLUSIONS

In this thesis it was studied the Biomass Chemical Looping Gasification process (BCLG)
for syngas (H2> and CO) production with CO; capture using synthetic oxygen carriers. It
was investigated the whole process; from the selection, preparation and
characterization to the testing of oxygen carriers in a pilot plant. Also, a study to
improve the quantity and quality of syngas was carried out. Finally, the process was
optimized, determining the conditions that permit the operation of the system under
autothermal state.

The main conclusions of this work are the following:

Fe-based oxygen carriers

In the experiments carried out in the pilot plant using Fe-based oxygen carriers (Fe10Al,
Fe20Al and Fe25Al) similar trends were found when A was varied from 0.2 to 0.5,
increasing CO; generation and decreasing H, and CO formation. The molar flow of CHa
was hardly affected by this parameter. Carbon captures >95 % were obtained in all
cases, whereas the syngas yield decreased from 1 to 0.7 Nm?3 per kg of dry biomass.
The increase of gasification temperature from 820 °C to 940 had a low effect over
molar flows, showing similar concentrations for the three oxygen carriers studied. The
tar analysis showed that Naphthalene was the main compound (60 to 90 % of the total
amount of tars). The increase of temperature had an important effect over tar,
decreasing its concentration from 4.0-4.5 to 1.3-1.8 g per kg of dry biomass when
temperature increased from 820 to 940 °C, although similar values were observed for
the three oxygen carriers.

It was seen that the lifetime of Fe-based oxygen carriers was related to Fe;03 content,
increasing from 100 to 900 h when Fe>03 content decreased from 25 % to 10 %. In spite
of this, the lifetime found was lower than the estimated for the same oxygen carriers
under CLC conditions.

The study carried out in TGA showed that under typical gasification atmospheres were
the oxygen carrier is completely reduced in the reduction reactor and partially oxidized
in the oxidation reactor (AXs= 0-25 %), Fe migrates from inside to outside of the
particles, creating a rough and weak external layer. The Fe migration mechanism was
promoted by the increase of temperature and Fe;O3 content. Therefore, in order to
preserve the mechanical resistance of oxygen carriers it is preferred to use low Fe;03
content solids and operate at high conversions (AXs= 0—100 %). In this way, it could be
concluded that the solid oxygen carrier composed by a 10 % of Fe>0z over alumina is
the most adequate, since it permits to operate under high conversion ranges,
maintaining its structure.
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Catalytic activity of oxygen carriers

The ores and the waste did not show catalytic activity over CH4 conversion. In contrast,
the catalytic activity of synthetic Fe-based solids increased when temperature
increased, reaching CH4 conversions about 40-60 % at 940 °C. The highest catalytic
activity was performed by the Cu-based oxygen carrier, reaching a CH4 conversion of 85
% at the highest temperature due to the presence of Cu°.

Using ethylene and benzene as model compounds of tars, it was concluded that the
ores and the LD Slag waste had a very low catalytic activity over C:Hs and CeHs
conversion. Although it increased when temperature increased, it was lower than the
obtained using synthetic solids. (>80 %). The Cu-based oxygen carrier performed an
ethylene conversion up to 95 % at the three temperatures studied (850, 900 and 950
°C). Also, the synthetic oxygen carriers showed higher benzene and ethylene
conversions than the ores and the waste. The Cu-based oxygen carrier reached a
complete benzene conversion at temperatures up to 900 °C, showing a high catalytic
activity due to the presence of Cu°.

It was observed that CH4 is an intermediate compound in the cracking/reforming
reactions of heavier compounds such as ethylene and benzene. The studies about
catalytic activity of oxygen carriers concluded that the Cu-based solid was the most
promising to obtain a higher amount of syngas while improving its quality.

Cu-based oxygen carrier

The increase of A increased CO; generation and reduced CO and H> molar flow without
affecting the molar flow of CH4 (~2.3 mol/kg biomass). The increase of temperature
promoted the conversion of CHa4, increasing the formation of H; and CO at the outlet of
reduction reactor. In this sense, the syngas yield reached 1.14 Nm? per kg of dry
biomass at 920 °C achieved operating with an oxygen-to-fuel ratio of 0.3. This value
was higher than the values obtained with any other oxygen carrier studied at similar
conditions.

The presence of tars was highly reduced by temperature, decreasing from 3.85 g/kg at
820 °C to 0.35 g/kg at 920 °C, being Naphthalene the main compound. The amount of
tars obtained under these conditions (corresponding to 0.22 g/Nm? of gas) is the lowest
concentration among the data found in literature.

The oxygen carrier did not show any agglomeration or sintering during the operation.
Its attrition rate was very low, estimating a lifetime of 8000 h, a value higher than any
other oxygen carrier tested previously for gasification and notably higher than the
values obtained using the same oxygen carrier under combustion conditions. For these
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reasons, the results obtained using the Cu-based oxygen carrier show that this solid has
the optimal properties for the BCLG process, generating a high amount of syngas, with
low presence of hydrocarbons and tars, whereas it preserves its physical and chemical
properties during a high number of hours.

Process optimization

The oxygen controlling method based on the limitation of oxygen fed to oxidation
reactor (OCM-1) is optimal for the operation in BCLG. It permits a better control of the
process, an easy transition between operation conditions and a higher syngas yield.
This oxygen controlling method was later demonstrated in a 1 MW, unit located in the
Technical University of Darmstadt (TUD).

The increase of preheating temperature of inlet gases reduces the A value needed to
operate under autothermal conditions increasing the syngas yield. In contrast, the
increase of gasification temperature, and the increase of steam-to-biomass rate
require a higher A value to fulfill the heat balance. Thus, the increase of these
parameters reduces the syngas yield. The presence of CHs at the outlet gas of reduction
reaction causes a decrease of heat needed, permitting to operate with lower A values.
The type of oxygen carrier has a low influence over the energy balance.

It was determined that the operation using pine sawdust requires an oxygen-to-fuel

ratio about 0.3-0.38 to operate under autothermal conditions, reaching a cold gas
efficiency of 86.2 %.
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Final conclusion

From the results obtained during this thesis it could be concluded that the oxygen
carrier composed by a 14 % of CuO over Al;O; is the optimal candidate for the BCLG
process. The experiments carried out in pilot plant reveal that this oxygen carrier
permits to obtain higher amounts of syngas with a low presence of tars. Furthermore,
the reduction pathway of this oxygen is responsible of the high mechanical and
chemical stability during a high number of hours. Nevertheless, the use of the oxygen
carrier composed by a 10 % of Fe;Oz over alumina, Fel0Al, should be also considered
since the experiments carried out using this solid showed promising results regarding to
the quantity and quality of syngas. In addition, it performed a high lifetime in
comparison to other ores and wastes proposed as oxygen carriers. Also, this oxygen
carrier is cheaper and environmentally friendly.
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6. ACRONIMOS Y NOMENCLATURA

Acrénimos

AlE Agencia Internacional de la Energia

ASU Air Separation Unit

BCLG Biomass Chemical Looping Gasification
BECCS Bioenergy with Carbon Capture and Storage
CCs Carbon Capture and Storage

CCus Carbon Capture, Use and Storage

CLC Chemical Looping Combustion

CLG Chemical Looping Gasification

CLou Chemical Looping with Oxygen Uncoupling
CLRa autothermal Chemical Looping Reforming
d.i. didmetro interno

DACCS Direct Air Carbon Capture and Storage
DFB Dual Fluidized Bed

DME Dimetil éter

DMFC Direct Methanol Fuel Cell

EDX Energia Dispersiva de Rayos X

EEA Agencia Europea del Medio Ambiente

Ep Energia Primaria

EUA European Union Allowance

FT Fischer-Trosch

FTIR Espectrofotdmetro de transformada de Fourier
GEls Gases de Efecto Invernadero

GIEC Gungzhhou Institute of Energy Conversion
Gtcozeq Gigatoneladas de CO; equivalentes

155



6. Acronimos y nomenclatura

[-C4

ICP-OES

IPCC

LF

LFB

LFC

MITECO.

MTBE

NDCs

NZE

OCM-1

OCM-2

ONU

PCG

PCI

PSA

RCDE-UE

RG

RO

RR

SEM

SU

TGA

TUD

isobutileno

Espectroscopia de Emisidn Atdmica con Plasma de Acoplamiento
Inductivo

Intergovernmental Panel on Climate Change
Lecho Fijo

Lecho Fluidizado Burbujeante

Lecho Fluidizado Circulante

Ministerio para la Transicidn Ecoldgica y el Reto Demografico
Metil terbutil éter

Contribuciones Determinadas a Nivel Nacional
Net Zero Emissions scenario.

Oxygen controlling Method 1

Oxygen controlling Method 2

Organizacion de las Naciones Unidas
Potencial de Calentamiento Global

Poder Calorifico Inferior

Pressure Swing Adsorption

Régimen de Comercio de Derechos de Emisién de la UE
Reactor de Gasificacion

Reactor de Oxidacién

Reactor de Reduccion

Microscopia Eelctrénica de Barrido

Southeast University

temperatura (°C)

Analizador termogravimétrico

Technical University of Darmstadt
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UE Unidn Europea

WGS Reaccién Water Gas Shift

XRD Difraccion de Rayos X

Nomenclatura

A relacidon oxigeno-combustible (-)

Qb demanda estequiométrica de oxigeno necesaria para quemar
completamente el combustible (mol O/ kg de biomasa)

TNcc eficacia de captura de CO2 (%)

Ne eficacia de gasificacion fria (%)

AH entalpia de reaccion (kJ/mol)

AHg entalpia estandar de reaccién (kJ/mol)

AHscig variaciéon de entalpia total en el sistema BCLG (kJ)

AHo variacion de entalpia de la reaccién de oxidacion (kJ/mol)

AH; variacion de entalpia de la reaccién de reduccion (kJ/mol)

AHro variacion de entalpia en el reactor de oxidacion (kJ)

AHgr variaciéon de entalpia en el reactor de reduccion (k)

At periodo de tiempo (h)

AT variacién de temperatura entre reactores (°C)

AXs variacion de conversion del sélido (-)

A atricién (%/h)

Fb caudal de biomasa alimentada (kg/h)

Fcb flujo molar de carbono alimentado en la biomasa (mol/h)

Fc,ro,0ut flujo molar de carbono a la salida del RO (mol/h)

Fc,rR,out flujo molar de carbono a la salida del RR (mol/h)

FcHa,in flujo molar de CH4 alimentado (mol/h)
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6. Acronimos y nomenclatura

FcHa,out
Fg,RR,out
Fi,ro,0ut
Fi rR,out
Foz,r0,in
Fs

Gco
Gh2

Gs
LHVyp

LHV,

Moxi

Mred

Qair
Qgro
Qin
Qn:
Qout
Rn2
Roc
Sro
Trr

Uro

flujo molar de CH4 a la salida del reactor (mol/h)
flujo de gas a la salida del RR (mol/h)

flujo molar del compuesto i a la salida del RO (mol/h)
flujo molar del compuesto i a la salida del RR (mol/h)
flujo molar de O; alimentado al RO (mol/h)

flujo de circulacion de sélidos (kg/h)

caudal de CO (Nm3/h)

caudal de H, (Nm3/h)

caudal especifico de sélidos (kg/m?s)

poder calorifico inferior de la biomasa (kJ/kg)

poder calorifico inferior de gas obtenido a la salida del RR (kJ/mol)
masa de solido en un tiempo determinado (kg)

masa de particulas finas (kg)

masa del transportador oxidado completamente (kg)
masa del transportador reducido completamente (kg)
inventario total de sdlidos (kg)

caudal de aire (Nm3/h)

caudal de gas alimentado al RO (Nm3/h)

caudal de gas total a la entrada del reactor (Nm?3/h)
caudal de N2 (Nm?3/s)

caudal de gas total a la salida del reactor Nm3/h)
ratio de caudal de N; recirculado (%)

capacidad de transporte de oxigeno (-)

seccion del reactor de oxidacién (m?)

temperatura en el reactor de reduccién (°C)

velocidad superficial del gas en el RO (m/s)
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6. Acronimos y nomenclatura

Xb

XcHa

Xi,in

Xi,out

Xi

Xoxi

Xred

Xs

Yco

Yh2

conversion de biomasa en el sistema (%)

conversion de CHs (%)

fraccion del compuesto i a la entrada del reactor (-)

fraccion del compuesto i a la salida del reactor (-)

Conversion del compuesto i (%)

fraccion del elemento i en la biomasa

conversién del sélido en la reaccién de oxidacién o en la salida del RO (-)
conversién del sélido en la reaccion de reduccidn o en la salida del RR (-)
conversion del sélido (-)

rendimiento a gas de sintesis (Nm3/kg de biomasa seca)

rendimiento a CO (Nm3/kg de biomasa seca)

rendimiento a Ha (Nm3/kg de biomasa seca)
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8. ANEXO

Tabla Al. Experimentos utilizando Fe10Al en la planta piloto de 1.5 kW: del ICB-CSIC.

. . Composicidn de gases mgl/kg de ., .
Biomasa Potencia Tgr S/B A (mol/kg de biomasa seca) blzgrlzsa Xo  Nec Ng Y H2/CO Formacion de alquitranes
W ¢ ek () O 0 M Ol G G SF o ) b0 eve O FER O EE8

Test 1 099 820 060 031 187 101 214 45 04 00 52 55 g78 868 657 071 2.1 3.42 422
Test 2 096 80 063 032 204 113 208 43 04 00 26 39 914 901 658 0.72 1.8 2.04 2.62
Test3 0.93 H,0/CO; 033 355 170 139 42 01 00 2.6 46 898 934 632 069 0.8 - -
Test4 094 930 005 029 95 195 148 3.6 02 00 3.0 87 806 916 660 077 0.8 5.04 5.37
Test 5 0.93 061 022 3163 164 268 49 03 0 14 51 885 964 831 0.97 1.6 - -
Test 6 Astilla de pino 0.96 062 032 202 139 217 43 02 00 23 35 921 944 69.6 0.80 1.6 1.10 1.49
Test7 0.93 064 041 224 122 169 39 01 00 28 3.2 928 934 583 0.65 1.4 - -
Test 8 0.99 060 042 341 116 165 43 02 00 25 1.9 957 942 59.0 0.63 1.4 - -
Test9 0.93 €02 033 441 295 98 35 01 00 1.6 22 951 964 736 0.88 0.3 0.28 0.55
Test 10 1.03 €02 036 415 251 90 37 00 00 24 45 899 939 659 0.77 0.4 - -
Test 11 0.93 H,0/CO; 033 354 195 147 42 02 00 13 33 925 96.7 683 077 0.8 - -
Test 12 , 101 930 058 039 333 105 178 3.6 00 00 19 54 879 952 511 0.64 1.7 - -
— Hueso de aceituna
Test 13 1.0 80 058 048 231 95 138 32 00 00 37 62 862 904 432 0.52 1.4 - -
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Tabla A2. Experimentos utilizando Fe20Al en la planta piloto de 1.5 kW: del ICB-CSIC.

Test 1
Test 2

Test 3

Test 4

Test 5
Test 6

Test 7

Test 8
Test 9
Test 10
Test 11
Test 12
Test 13

. . Composicion de gases mf)l/kg de L. .
Biomasa Potencia Tge S/B A (mol/kg de biomasa seca) blzzzsa Xp Nec Ng Y H,/CO  Formacidn de alquitranes
kW °C kg/kg () €O, CO H» CHs G G icllz eﬁ;t %) (%) (%) (Nm/kg) () b‘i{t'i:zz b.(sg./;;ﬁ)Nz
- 820 065 020 16.6 10.1 22.6 44 0.9 0.0 45 6.1 77.0 927 679 0.72 2.2 - -
0.99 0.63 031 188 90 219 44 09 00 50 57 873 87.2 5.8 0.69 2.4 2.62 3.90
0.99 062 041 214 88 204 45 09 00 55 2.8 93.7 8.9 63.8 0.65 2.3 3.08 3.86
0.99 063 052 241 62 137 40 08 0.0 75 1.2 97.2 827 492 045 2.2 - -
098 880 0.61 021 166 12.0 245 49 06 0.0 1.7 81 81.8 952 73.6 0.82 2.0 - -
0.97 0.64 031 207 10.8 22.1 45 05 00 2.6 51 885 936 66.3 074 2.1 2.23 2.94
Astilla de pino  0.97 064 042 242 104 185 45 05 0.0 24 2.1 954 943 613 065 1.8 2.38 3.11
098 940 0.05 031 109 180 152 4.0 03 0.0 16 9.7 784 954 644 0.74 0.8 137 1.49
0.97 042 031 179 13.8 193 3.7 03 0.0 06 80 821 983 624 0.74 1.4 1.29 1.59
0.98 0.61 021 163 156 265 4.8 0.4 00 04 69 846 989 79.1 094 1.7 1.50 2.14
0.99 0.65 031 210 12.8 229 44 03 00 0.7 52 884 981 679 0.80 1.8 1.75 241
0.99 0.65 041 236 11.1 187 4.1 0.2 00 1.9 3.7 91.8 954 582 0.67 1.7 141 1.83
0.97 065 058 309 7.7 123 39 02 0.0 1.2 0.7 984 973 444 0.45 1.6 1.27 1.56
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Tabla A3. Experimentos utilizando Fe25Al en la planta piloto de 1.5 kW: del ICB-CSIC.

Composicidn de gases mol/kg de
Biomasa Potencia Tg S/B A P . & biomasa Xb Nec Ng Y H,/CO Formacion de alquitranes
(mol/kg de biomasa seca)
seca
. co. c. o 0 3 (8/Nm3) (s/kg)
kw C kg/kg () CO2 CO Hx CHs GC G AR elut (%) (%) (%) (Nm3/kg) () bs.sinN,  b.s.sin Ny
Test 1 0.97 820 0.66 0.31 195 112 229 36 05 00 56 3.8 915 86.4 66.5 0.8 2.0 331 4,51
Test 2 0.99 CO, 0.34 416 254 104 3.1 05 0.0 55 25 945 87.1 687 0.8 0.4 1.83 3.32
Test 3 0.97 880 0.64 031 204 149 255 35 02 00 3.0 1.7 941 93.0 723 0.9 1.7 1.72 2.45
Test 4 1.03 CO, 0.30 399 306 120 29 02 00 26 14 96.8 939 755 1.0 0.4 0.42 0.79
Astilla de pino

Test 5 0.94 930 0.64 0.22 160 181 282 32 02 00 2.0 51 887 950 794 1.0 1.6 - -
Test 6 0.98 0.60 031 206 163 252 30 01 00 17 3.0 933 959 710 0.9 1.55 0.79 1.33
Test 7 0.98 0.60 042 229 147 209 26 01 00 17 27 940 96.0 614 0.8 14 - -
Test 8 0.94 CO, 0.32 447 310 120 28 01 00 15 0.6 986 96.7 756 1.0 0.4 0.32 0.66
Test 9 Hueso de 0.79 930 0.82 046 235 97 163 33 05 00 14 58 871 963 504 0.6 1.7 - -
Test 10 aceituna 0.79 CO, 046 170 544 192 68 22 03 00 58 869 964 49.2 0.6 0.35 - -
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Tabla A4. Experimentos utilizando Cul4Al_ICB en la planta piloto de 1.5 kW: del ICB-CSIC.

. . Composicidn de gases mol/kg de ., .
Biomasa Potencia T S/B A (mol/kg de biomasa seca) biomasa seca Nee Ng Y H,/CO Formacion de alquitranes
. co. C . 0 3 (8/Nm3) (g/ke)
kw C kg/kg () CO2 CO Hx CHy G G o0 o (%) (%) (%) (Nmke) () o0 Pao
Test 1 0.98 819 064 031 126 123 274 40 04 00 110 39 913 73 750 0.89 2.23 3.02 3.85
Test 2 0.98 878 0.67 031 141 145 276 32 03 00 8.0 43 90.5 80.2 743 0.94 1.91 1.18 1.58
Test 3 . . 1.01 930 0.60 0.20 149 233 351 24 0.0 00 26 2.7 932 935 859 1.20 0.60 - -
Astilla de pino
Test 4 1.02 917 066 030 171 196 313 23 00 00 29 2.7 939 93.09 80.5 1.14 1.59 0.22 0.35
Test 5 0.95 932 061 043 180 17.7 259 19 0.0 00 47 24 946 89.0 68.9 0.98 1.47 - -
Test 6 1.0 916 CO2 031 294 311 127 29 03 0.0 109 3.7 917 735 782 0.41 0.98 1.37 2.34
Hueso de
Test 7 aceituna 0.87 924 0.72 044 193 155 219 15 00 00 29 5.4 88.0 925 576 0.88 1.41 0.17 0.21
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Biomass Chemical Looping Gasification is a novel technology allowing high quality syngas production at au-
tothermal conditions without CO, emissions to the atmosphere and low tar generation. This work compiles
gasification results corresponding to 38 h of continuous operation in a 1.5 kWy, unit using pine wood as fuel and
a synthetic Fe-based oxygen carrier, Fe20Al. The main operating conditions such as temperature
(T = 820-940 °C), steam-to-biomass ratio (S/B = 0.05-0.65), and oxygen-to-biomass ratio (A = 0.2-0.6) were

analyzed at steady state conditions using a novel method for controlling oxygen in the process. A syngas
composed by 37% H,, 21% CO, 34% CO, and 7% CHy, and tars below 2 g/Nm3 could be obtained at autothermal
conditions, leading to a syngas yield of 0.8 Nm>/kg dry biomass and a cold gas efficiency of 68%. The material
maintained a high reactivity although some Fe lost was observed.

1. Introduction

The Paris Agreement set the limit of 2 °C as maximum increase of
global temperature average regarding the pre-industrial levels, and
proposed further efforts to keep it in 1.5 °C in order to reduce the effects
of Climate Change. In addition to power plants and industries, the
transport sector (terrestrial and aviation) is responsible of almost one
quarter of CO, emissions, the major contributor to global warming,
accounting for 8040 MT CO- in 2017 (IEA, 2019a). To reduce both CO,
emissions and fossil fuels dependence, the research on renewable

* Corresponding author.
E-mail address: ldediego@icb.csic.es (L.F. de Diego).

https://doi.org/10.1016/j.biortech.2020.123908

alternatives has been accelerated in the last years. It has to be con-
sidered that “transport biofuel consumption needs to almost triple by
2030 (to 298 Mtoe) to be on track with the Sustainable Development
Scenario (SDS)” (IEA, 2019b). However, global biofuel production is
not increasing quickly enough due to both economic and technical
reasons. A techno-economic comparison of the different pathways for
the thermochemical biofuel production can be found in the work of
Brown (2015). Among the possible options, gasification is one of the
most suitable processes for biomass-to-liquid (BTL) production, nor-
mally through the use of a Fischer-Tropsch, FT, process (Kim et al.,
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2013). A well-to-wake analysis carried out by Han et al. (2013) re-
vealed that relevant GHG emission reductions (up to 89%) can be
achieved using renewable FT fuels in comparison with petroleum. They
also indicated the importance of carbon capture and storage options in
reaching those values.

The synthesis gas obtained using pure oxygen and steam has the
best characteristics to be used in a FT process, but oxygen production is
expensive. In addition, the high sensitivity of FT catalysts to con-
taminants (mainly tars and S, Cl, and N compounds) makes necessary
the introduction of a syngas cleaning section (Kim et al., 2013). Biomass
Chemical Looping Gasification (BCLG) has emerged during last years as
a novel technology that could solve many of those problems for current
biomass gasification (Wei, 2015a; Ge et al., 2015; Shen et al., 2018;
Mendiara et al., 2018a; Lin et al., 2020). The process shares the same
principles as the Chemical Looping Combustion (CLC), but using partial
oxidation of fuel for syngas production instead of complete oxidation
required in CLC. BCLG uses a solid oxygen carrier which transfers
oxygen between two interconnected fluidized bed reactors, the fuel and
air reactors. In the fuel reactor, FR, oxygen carrier reduction takes place
by reaction with the gaseous products obtained during biomass devo-
latilization and char gasification. The heat required for the endothermic
reactions producing syngas is given by the partial combustion of the
biomass and by the hot solids coming at high temperature from the air
reactor. In addition, oxygen carrier is able to react with tars generated
and even can act as a catalyst for tar reforming. In this way, high purity
(non-diluted in N,) and clean syngas can be produced at the outlet of
the fuel reactor at autothermal operation without CO, emissions to the
atmosphere, and avoiding the need of expensive gaseous oxygen pro-
duced in an ASU plant. In the air reactor, AR, oxygen carrier is re-
generated in contact with the oxygen present in air, producing heat
owing to the exothermic character of oxidation reactions.

Regarding oxygen carriers, most of the studies have shown that Fe
based materials seems to be adequate for BCLG since they have de-
monstrated good mechanical properties, stable reactivity through redox
cycles and no evidence of agglomeration or sintering under usual op-
erating conditions. Low-cost materials, especially natural hematite,
represent an attractive option because of its abundance, low price and
environmental compatibility (Huang et al., 2013; Ge et al., 2016). In
contrast, synthetic materials could have improved properties although
at higher cost. Some previous works include the use of pure Fe,O3
(Huang et al., 2015; Hu et al., 2017; Xu et al., 2018) or supported on an
inert high-temperature material, which can significantly improve the
reactivity, durability and lifetime of oxygen carrier (Hu et al., 2018).
The preferred support for the preparation of these materials has been
Al,03 (Huseyin et al., 2014; Wei et al., 2015a; Hu et al., 2019a,b). The
use of bimetallic compounds such as Fe-Ni (Huang et al., 2017), Fe-Ni-
Al (Wei et al., 2017), Fe-Cu (Niu et al., 2018; Shen et al., 2018) and Fe-
CaO (Wu et al., 2018) has been also proposed.

Most of the above works were carried out in batch reactors but
operation in continuous units is still scarce. Huseyin et al. (2014) and
Wei et al. (2015a) assessed the behaviour of a synthetic Fe,03/A1,05
oxygen carrier in a 10 kWy, CLG unit using pine sawdust as fuel. In-
itially they carried out an analysis of the effects of different tempera-
tures and feeding rates for 20 h and later they carried out a 60 h long
term test where the conditions were maintained constant. In other
work, Wei et al. (2015b) used Fe,03/NiO bimetallic oxygen carriers to
improve the gasification efficiency and the CO and H, composition with
respect to the results obtained previously with the Fe;O3/Al,03 mate-
rial. Ge et al. (2015) evaluated the behaviour of different oxygen car-
riers based on Ni in a 25 kWy, CLG unit using rice husk as fuel. The
syngas quality was improved using a CaO-decorated NiO/Al,03 oxygen
carrier. Later, Ge et al. (2016) used natural hematite mixed with silica
sand as oxygen carrier in the same 25 kW, CLG unit. Shen et al. (2018)
used natural hematite to investigate the CLG performance of coal in a 5
kW, unit. They used a two-stage-based circulating fluidized bed in the
fuel reactor to increase the residence time of the oxygen carriers and
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therefore improve the gasification efficiency.

Although several goals have been reached during last years, relevant
aspects of the BCLG technology are still unsolved. Some of them include
the way to control the lattice oxygen used in the syngas production, the
syngas composition obtained at autothermal operation, the finding of
relevant gasification data at steady state operation and the determina-
tion of the tar production at different operating conditions. In addition,
oxygen carrier is a key issue in any Chemical Looping process. The
experience acquired in the development of oxygen carriers for CLC
could be very useful although the use of these materials in CLG pro-
cesses is still a challenge. It is likely that more reducing conditions in
the fuel reactor in comparison to CLC will lead to a different materials
performance. In this sense, ICB-CSIC has proven experience on the
development of oxygen carriers. A promising synthetic material based
on iron, Fe20Al, has been satisfactorily used in CLC continuous units for
combustion of different fuels including natural gas (Cabello et al.,
2014a), acid (Garcia-Labiano et al., 2014) and sour gas (de Diego et al.,
2014), liquid fuels, or even solid sulphur.

The objective of this work was to assess the optimal operation
parameters when a synthetic iron based oxygen carrier, Fe20Al, is used
in a 1.5 kW, BCLG continuous unit. The effect of gasification tem-
perature, steam-to-biomass ratio (S/B) and oxygen-to-biomass ratio (A\)
was analyzed during pine sawdust biomass gasification. A qualitative
and quantitative analysis of tar produced in gasification was carried out
at different operating conditions. Characterization of the oxygen carrier
was done to analyze the variation of its properties with operating time.

2. Experimental
2.1. Materials and characterization techniques

A forestry residue, pine sawdust, from the locality of Ansé (Spain)
was used as fuel. The biomass was crushed and sieved to obtain parti-
cles in the range 0.5-2.0 mm. The proximate analysis in dry basis in-
cludes 0.4 wt% ash (EN 14775), 84.1 wt% volatile matter (EN 15148),
and 15.6 wt% fixed carbon. The ultimate analysis in dry basis, de-
termined in a Thermo Flash 1112, consisted of 53.6 wt% C, 6.1 wt% H,
0.1 wt% N, 0.0 wt% S, and 40.2 wt% O (by difference). The low heating
value of the pine was 19309 kJ/kg.

A batch of synthetic oxygen carrier, Fe20Al, containing 20 wt%
Fe,03 on y-alumina, was prepared by the hot incipient wetness im-
pregnation method. The main characteristics of the material were the
following: particle size, dp = 100-300 mm; skeletal density,
p = 3950 kg/m?; porosity, ¢ = 50.5%. More details about the oxygen
carrier preparation, characterization and kinetic data can be found
elsewhere (Cabello et al., 2014b).

A Bruker D8 Advance polycrystalline powder X-ray diffractometer
(XRD) was used to carry out qualitative and quantitative analysis of
crystalline phases that integrate the oxygen carrier in its reduced and
oxidized forms. XRD analysis showed that this oxygen carrier has a
special feature derived from the support used in the preparation. In fact,
XRD analysis detected the presence of Fe;O3 and a-Al,O3 in the fresh
oxidized particles. However, the spinel FeAl,04 was the reduced stable
specie since the presence of H>O and CO, in the reacting atmosphere
prevented FeO or Fe formation. Considering therefore the pair
Fe;03'(Al,05)-FeAl,O4 as the active iron compounds during redox re-
actions, an oxygen transport capacity, R, oc, of 2.0% was inferred.

Microstructural analysis of the fresh and used oxygen carrier par-
ticles were carried out in a scanning electron microscope Hitachi S-
3400 N with the energy-dispersive X-ray Rontec XFlash of Si (Li) ana-
lyser (SEM-EDX). The dispersion of the different components (Fe, Al, O)
throughout a cut of the particles was also determined. The internal view
of the particles was determined after being embedded in epoxy resin,
polished and cut.

Inductively plasma atomic emission spectroscopy (ICP-AES) ana-
lysis were carried out in a Jobin Ybon 2000 spectrometer to assess the
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Fig. 1. Scheme of the 1.5 kWy, Biomass Chemical Looping Gasification unit at ICB-CSIC.

Fe content in the after used oxygen carrier and also in the fine particles
elutriated from the CLG unit.

2.2. Chemical looping gasification unit at ICB-CSIC

The biomass gasification study was carried out in a 1.5 kWy, con-
tinuous unit whose scheme is shown in Fig. 1. The unit consists of two
bubbling fluidized bed reactors interconnected through loop seals to
avoid gas mixing between fuel and air. Electrical furnaces were used to
control the temperature inside reactors. A steam flow of 130 IN/h was
introduced as gasification agent in the fuel reactor (0.05 mi.d) and a N,
flow of 60 IN/h was introduced in the loop seal (0.03 m i.d). Different
mixtures of air and N, for a total flow of 2100 IN/h were fed into the air
reactor (0.08 m i.d.). With this method for controlling oxygen, the gas
velocity in the air reactor and the solids circulation rate (30 kg/h kW)
were maintained constant for the different oxygen-to-fuel ratios. The
use of the same fluid-dynamic conditions allowed a better comparison
among the different tests. Further description about the design and
operation of the unit can be found elsewhere (Mendiara et al., 2018b).

A part of the syngas produced in the fuel reactor was sent for tar
recovery and syngas analysis and the rest stream was burnt with O, in
an external reactor. The analysis of the exhausted gases and oxygen
consumption were used for the mass balances. Clean stream composi-
tion from the fuel and air reactors were measured in several on-line
analyzers. CO,, CH4 and CO were analyzed in non-dispersive infrared
analyzers (Siemens Ultramat 23). H, concentration was measured using
a thermal conductivity detector (Siemens Calomat 6), and para-
magnetic analyzers were used for measuring O, concentrations

(Siemens Ultramat-Oxymat 6). In addition, C1-C4 hydrocarbons were
determined off-line in a gas chromatograph (Perkin Elmer CLARUS
580) through gas samples taken from the unit.

Tar recovery was carried out following the recommendations of the
European tar protocol (Simell et al., 2000). Water content was de-
termined by Karl-Fischer titration in a Mitsubishi Karl-Fischer titrator
KF-31. Tars were quantified in a Gas Chromatograph coupled to a Mass
Spectrometer (Shimadzu GC-2010 Plus + GCMS - QP2020) using three
standards for calibration: Benzene 99.8% purity, Naphthalene 99% +
purity and EPA 525 PAH MIX-A certified reference material that con-
tains a total of 13 analytes (500 pg/mL each component in di-
chloromethane). Furthermore, standard solution of four different con-
centration levels by suitable dilutions of the standard reference were
prepared to implement the calibration.

2.2.1. Operation

To carry out the tests, the pilot unit was loaded with 1.8 kg of
Fe20Al oxygen carrier and it was heated in air at 900 °C. The oxygen
carrier was circulated for a period of 6 h to clean it from fines and to
obtain a homogeneous batch of particles. After that, the required
oxygen concentration for syngas production was fixed in the air reactor
mixing N, and air, and steam and biomass were fed to the fuel reactor.
However, although defect of oxygen was introduced in the air reactor
(sub-stoichiometric conditions, A < 1), the lattice oxygen present in
the fresh oxygen carrier was high enough to burn the biomass, similarly
to the happening in the in situ gasification Chemical Looping
Combustion (iG-CLC) process, giving mostly CO, and H,O as final
products. Later, these concentrations decreased gradually meanwhile
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the CO and H, concentrations began to increase until reaching stable
gas composition in the fuel reactor. In contrast, the oxygen con-
centration quickly decreased in the air reactor when the biomass was
fed, obtaining pure N at the gas outlet stream. In this way, the oxygen
carrier suffered repeated redox cycles during its stay in the system al-
though always in highly reduced conditions in both reactors. Once
reached a stable gas composition, the steady state conditions were
maintained for at least 90 min in each test. Samples of oxygen carrier
were regularly taken from the fuel and air reactors to analyze the be-
havior of the material at each specific condition and along the opera-
tion time. N, atmosphere was used to avoid oxidation of the oxygen
carrier during cooling and heating periods taking place at the end and
beginning of the consecutive operation days.

2.3. Reactions

Multiple gas-solid reactions can occur in BCLG processes. Biomass
devolatilization is the first step taking place when the biomass is fed
into the fuel reactor (R1). After that, the carbon present in the char can
react with the gasifying agents, H,O (R2) or CO, (R3) producing CO
and H,. The gaseous products generated during biomass devolatiliza-
tion and gasification can react with the oxygen carrier for the total
combustion, (R4)-(R6), or for partial oxidation, (R7). The extent of
those reactions depends on the available lattice oxygen. Other gas-gas
reactions that can take place are the methane or light hydrocarbons
(CHy) reforming with H,O or CO,, (R8)-(R9), or the water gas shift,
(R10), which can be catalyzed by the iron compounds present in the
bed. Some potential reactions of tar (C,H,,) have been reported in the
literature (Lind et al. 2011; Huseyin et al., 2014; Shen and Yoshikawa,
2013), the most relevant being tar cracking (R11), tar reforming (R12)
due to the catalytic effect of the iron compounds in the fluidized bed, or
even tar combustion with lattice oxygen from the oxygen carrier, (R13).

biomass — char + tar + gases (H;O, CO,, H,, CO, CH,4, CHy)

AHaggx > 0 (RD)
C + H,O — CO + Hy AHzggx = 131.3 kJ/mol (R2)
C + CO, — 2CO AHyosx = 172.4 kJ/mol (R3)

4 Fe203 + 8 'Y-A1203 + CH4 (CXHy) —- 8 FeA1204 + 2 Hzo + COZ
AHsggg = -62.3 kJ/mol R4

Fe203 + 2 '\{-A1203 + H2 — 2 FeA1204 + H20 AH298K = -56.8 kJ/
mol (R5)

F6203 + 2 'Y-A1203 + CO—2 FeA1204 + C02 AHgggk = -98.0 kJ/
mol (R6)

F6203 + 2 Y-Aleg + CH4 (CXHy) — 2 FeA1204 + CO + 2 H,
CH4 (CXHy) + Hzo —- CO + 3 H2 AHzggK = 206.1 kJ/mol (RS)

CH,4 (CyHy) + CO, — 2 CO + 2 H, AHazogx = 247.3 kJ/mol (R9)

CO + Hzo <_—)C02 + H2 AHzggK = -41.1 kJ/mol (RlO)
CaHon+2 = ChaHomay + CHy AHaogx > 0 (R11)
C,H, + H,0/CO, — CO + H, AHoogx > 0 (R12)

CoHy +(2n + m/2) Fe,03 + 2(2n + m/2) y-Al,03 — 2(2n + m/2)
FeA1204 + m/2 Hzo + HCOZ AH298 K < 0 (R13)

The reduced oxygen carrier produced by the above reactions is sent
to the air reactor for regeneration, (R14). In addition, char passing
together with the oxygen carrier is burnt to CO,, decreasing the effi-
ciency of the carbon conversion in the system.

4 FeA1204 + 02 — 2 F6203 + 4 A1203 AHzggK = -370 kJ/mOl

(R14)
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C + 02 i COz AHzggK = -393.5 kJ/mol (R15)

2.4. Data evaluation

The main operating parameters affecting the BCLG process are the
fuel reactor temperature, the steam-to-biomass (S/B) ratio, and the
oxygen-to-fuel ratio. This last ratio, A, is defined as the amount of
oxygen fed into the air reactor with regard to the stoichiometric oxygen
necessary for complete combustion of the biomass. A = 1 is the stoi-
chiometric oxygen necessary to obtain complete combustion of the
biomass to CO5 and H,0. Therefore, A\ values lower than 1 must be used
for the BCLG process.

_ 2F02,R,in
F,Q (€]

where Foy ar in is the flow of O, fed into the air reactor (mol/h), Fy, is
the flow of dry biomass fed into the system (kg/h), and Q,, is the oxygen
demand for the full combustion of the biomass (mol O/kg biomass).
This last parameter was calculated considering the elemental compo-
sition of the biomass.

Qp = (X(;2 + .)CHE + XS£ - xo) 1000

12 2 32 16 (2)
where x; is the fraction of component i in the biomass, and took a value
of Q, = 95.3 mol O/kg dry biomass.

The performance of the BCLG unit was evaluated based on the fol-
lowing parameters:

- Biomass conversion, Xj, is a measurement of the amount of solid
fuel converted to gas in the BCLG unit, both in the fuel and air reactors.
Note that carbon not present in gaseous compounds is considered lost
by elutriation (Fc ejut)-

Ferrout + Fe AR out
Fep
_ [Fco, + Feo + Fen, + XFeom, Irrour + [Feo,larout

——Fyx¢c FC,b

Xp =

_ Fop — Feen

3

- Carbon conversion efficiency, ncc, represents the fraction of the
carbon converted to gas in the fuel reactor with respect to the total
carbon converted to gas in the whole unit.

F C,FR,out

7 =
ce FC,FR,out + FC,AR,out (4)

-Syngas yield, Y, indicates the amount of H, and CO produced over
the dry biomass fed into the system (Nm>/kg).

Gn, n Geo
F F (5)

where Gy, and Gco are the flowrates of H, and CO (Nm3/h) leaving the
fuel reactor. From these values is also possible to determine the H,/CO
ratio obtained during the BCLG process.

- Cold gas efficiency, ng or ng* The first one represents the fraction
of chemical energy contained in the syngas over the total energy con-
tained in the biomass, and the second one represents the fraction of
chemical energy contained in the syngas over the total energy coming
from the transformed biomass, i.e. non considering the carbon lost by
elutriation.

Fy rr our-LHV;

Y= YHZ + YCO =

=227 F 100
K F,. LHV}, (6)
F, .LHV,
Ug* _ g,FR,out 8 . 100
Fy. LHV, — FceneAHe )]

where Fg prou is the molar flow rate of the gas obtained at the fuel
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Table 1
Experimental conditions used and results obtained in the tests.

Test T S/B A Xy Mee Y Hy/CO  ng  ng*

°C kg/kg mol/mol % % Nm®/kg mol/mol % %

Test 1 820 0.65 0.20 77.0 927 0.72 2.16 67.9 86.0
Test2 820 0.63 0.31 87.3 87.2 0.69 2.43 65.8 74.4
Test3 820 0.62 0.41 93.7 86.9 0.65 2.33 63.8 67.7
Test4 820 0.63 0.52 97.2 827 045 2.23 49.2  50.5
Test5 880 0.61 0.21 81.8 952 0.82 2.04 73.6 88.2
Test6 880 0.64 0.31 88.5 936 0.74 2.05 66.3 74.1
Test7 880 0.64 0.42 95.4 943 0.65 1.78 61.3 64.0
Test 8 940 0.05 0.31 78.4 954 0.74 0.85 64.4 76.0
Test9 940 0.42 0.31 821 983 0.74 1.40 62.4 74.6
Test 10 940 0.61 0.21 84.6 989 0.94 1.70 79.1 92.0
Test 11 940 0.65 0.31 88.4 98.1 0.80 1.79 67.9 759
Test 12 940 0.65 0.41 91.8 954 0.67 1.68 58.2 629
Test 13 940 0.65 0.58 98.4 97.3 0.45 1.60 444 451

reactor outlet (mol/h), LHV, is the low heating value of the produced
gas (kJ/mol), LHV, is the low heating value of the biomass (kJ/kg), and
AH? is the CO, enthalpy formation.

3. Results and discusion

In this work a total of 13 tests under BCLG conditions were carried
out to accomplish for a total of 38 h of continuous biomass gasification
(52 h circulating at hot conditions) in a 1.5 kWy, continuous unit. The
experimental tests were designed to cover the typical ranges of the most
relevant operating conditions in BCLG, including the gasification tem-
perature (820-940 °C), steam to biomass ratio (0.05-0.65), and oxygen
to biomass ratio (0.2-0.6). Table 1 shows a summary of the experi-
mental conditions used and the results obtained in the tests. It is no-
teworthy that the method used in this work for controlling the lattice
oxygen used for syngas production allowed analysing the effect of the
different operating parameters in an independent way since it was
possible to maintain the same fluid-dynamic conditions in the CLG unit
for the different operating conditions analyzed.

3.1. Evaluation of operational conditions

3.1.1. Effect of oxygen-to-fuel ratio, A

One of the most relevant operating parameters affecting the gasifi-
cation process is the amount of oxygen used for converting a given
amount of solid fuel, that is, the oxygen-to-fuel ratio. In this work the
oxygen-to-fuel ratio was fixed by controlling the oxygen fed to the air
reactor, which was transferred by the oxygen carrier to the fuel reactor.
With this method, the total gas flow in the air reactor, the solids cir-
culation rate and the biomass fed were maintained constant for the
different oxygen-to-fuel ratios. This represented a relevant advantage
with respect to other methods used for oxygen control since the fluid-
dynamic conditions were kept constant allowing a better comparison
among tests. Oxygen-to-fuel ratios, A, ranging from 0.2 to 0.6 were
used.

Fig. 2 shows the effect of the oxygen-to-fuel ratio on the gas com-
position at the outlet of the fuel reactor and on the gasification para-
meters at Tgg = 940 °C and S/B = 0.6. It is seen that an increase in A
values from 0.21 to 0.58 produced an increase in the CO, concentration
from 27% to 58% (and also in H,O) and a decrease in the H, (from
43.0% to 22.6%) and CO (from 21.5% to 12.0%) concentrations. This
was a consequence of the higher lattice oxygen available for reaction
inside the fuel reactor, increasing the contribution of combustion re-
actions, (R4)-(R6).

It is remarkable the high amount of CH, found during gasification
with values about 7%, although it was lower than that found in other
works at similar conditions where values up to 10% were usual. Small
amounts of C2-C3 hydrocarbons, =0.5%, also appeared in all the
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Fig. 2. Effect of the oxygen to biomass ratio on the gas composition and on the
gasification parameters. Tgg = 940 °C. S/B = 0.6.

operating conditions. In contrast to the happening with the CO and H,
concentrations, the CH; and C2-C3 concentrations remained almost
constant at all A values. A possible reason for this fact could be the bad
contact between the oxygen carrier and the devolatilization gases be-
cause the fuel reactor operated under bubbling regime. In this sense, it
would be expected that the use of circulating fluidized beds in higher
scale CLG units will produce a decrease in the amount of these hydro-
carbons in the syngas by improving the solid—gas contact inside the
reactor and by increasing the residence time of the gases in the fuel
reactor.

Fig. 2b shows the effect of the oxygen-to-fuel ratio on the different
gasification parameters. It can be observed that very high carbon con-
version efficiencies, n.. > 95%, were obtained at all conditions. It is
also seen a high increase in the fuel conversion, Xj, as a function of A,
reaching values near 100% at A = 0.58. The improvement in the fuel
conversion was the result of the reduction of char elutriated from the
fuel reactor. As no significant changes occurred in carbon conversion, it
is suggested that high oxidized oxygen carrier promoted char gasifica-
tion in the fuel reactor avoiding its elutriation.

Obviously, syngas yield, Y, and as a consequence cold gas efficiency,
ng, decreased with increasing the oxygen-to-fuel ratio, A. In the A range
from 0.21 to 0.58 (Tgr = 940 °C, S/B = 0.6), values of Y ranged from
0.94 Nm®>/kg to 0.45 Nm>/kg and values of ng from 79.1% to 44.4%. It
is remarkable the tendency of the cold gas efficiency when no elutriated
particles were considered. In this case, the ng* parameter decreased
from 92.0% to 45.1%, almost the value of ng when all the biomass is
converted into gas (X close to 100%). This means that higher cold gas
efficiency could be obtained in those units with full char conversion.

Through a simple heat balance using the typical gas compositions
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found in this work and assuming the preheating of gas flowrate fed to
the fuel and air reactors by harnessing the energy contained in exit
gases of both reactors through heat exchangers, it was estimated that a
value of A around 0.3 would be necessary to reach autothermal op-
eration in the BCLG process. Therefore, a syngas composed by about
37% Hy, 21% CO, 34% CO,, 7% CHy, and 0.4 C2-C3, could be obtained.
This would represent a syngas yield of 0.80 Nm®/kg dry biomass and a
cold gas efficiency of 68% (ng*= 76%).

3.1.2. Effect of fuel reactor temperature

The temperature is a parameter affecting all the reaction rates
taking place inside the reactors. In this work, the fuel reactor tem-
perature was varied from 820 to 940 °C that is a typical range used in
previous gasification processes (Wei et al., 2015a; Ge et al., 2016; Shen
et al., 2018). Fig. 3 shows the gas composition and the gasification
parameters obtained as a function of the fuel reactor temperature using
aA = 0.3 and a S/B ratio of 0.65. It is observed that the temperature
had a slight effect on gas composition. The amount of hydrocarbons
present in the syngas decreased slightly with increasing the tempera-
ture. The CH, concentration was maintained constant at values around
7-8%, but the C2 and C3 hydrocarbons were significantly reduced from
1.6 to 0.4%. These effects were consequence of the increase of the re-
forming reaction rates (R8)-(R9) with increasing temperature.

It was observed that, independently on the A\ used, an increase in the
gasification temperature did not produced significant changes in fuel
conversion, keeping stable over 88%, but produced an increase in the
carbon conversion efficiency, reaching values close to 100% at 940 °C.
Obviously, the higher gasification temperature, the faster gasification
reaction rate and the lower amount of char passing into the air reactor.
This fact indicates that it is possible to reach almost zero CO, emissions
in the BCLG process, which represents a clear advantage with respect to
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other gasification technologies, including the dual fluidized bed gasi-
fication (DFBG). It is also remarkable that the carbon conversion effi-
ciencies were higher with lower values of A (see data in Table 1). For
example, at 820 °C, 1. takes the values of 92.7% (testl), 87.2% (test2),
and 86.9% (test3) at A values of 0.2, 0.3, and 0.4, respectively. This was
a consequence of the method used for controlling oxygen in the CLG
unit. The oxygen fed to the air reactor reacted with both the oxygen
carrier and the char coming from the fuel reactor. So, the higher oxygen
fed (higher M) the higher char combustion in the air reactor. It must be
taken into account that only combustion of a fraction of the char took
place in the air reactor and riser, producing the recirculation of char
again to the fuel reactor until steady state operation. This fact probably
would be avoided in a CLG unit at higher scale with a longer riser, or
with the use of a carbon stripper between reactors to prevent char
particles entering the air reactor. A compilation of the design and ef-
ficiency of carbon strippers used in chemical looping units for solid
fuels can be found in the work of Adanez et al. (2018).

The increase in the carbon conversion efficiency produced a small
improvement in the gas yield and as a consequence a slight increase of
the cold gas efficiency, which usually ranged from 60% to 80%, being
affected by the temperature but especially by the oxygen-to-fuel ratio.
As showed in Fig. 3b, the cold gas efficiency increased when it was
calculated based on the converted biomass, that is, without considering
the elutriated char instead of full fed biomass, ng*. Similar tendencies
were found by Ge et al. (2016), reaching values near 100% of n.. and
85% of X3 at 900 °C and by Huseying et al. (2014), who obtained a fuel
conversion between 70 and 90% in the range of temperature
800-900 °C using a similar F»;03/Al,03 oxygen carrier.

3.1.3. Effect of steam to biomass ratio, S/B

Steam is the most usual gasifying agent used in any gasification
process. In BCLG, steam is used as gasifying agent to convert the char
into syngas and as fluidizing medium in the fuel reactor. Since the
steam production represents a relevant cost, the amount used in the
CLG has important consequences on the energetic balance of the system
as well as on the economy of the process.

In this work, several steam-to-biomass ratios, S/B, ranging from
0.05 to 0.65 were analyzed at 940 °C and an oxygen-to-fuel ratio,
A = 0.3. The S/B ratio of 0.05 corresponded to the test carried out
using Ny as fluidizing agent in the fuel reactor, and the steam corre-
sponded to the moisture of the biomass. Although these experimental
conditions are never used in real units, this test was considered as re-
ference to better know the effect of water in the process. For the test at
S/B = 0.42, the biomass feeding rate was maintained constant and
steam input was reduced, introducing N, to maintain constant the gas
velocity in the fuel reactor. Fig. 4a shows the effect of the S/B ratio on
the syngas composition. It is seen that higher S/B ratios produced an
increase in the Hy, and CO, concentrations and a decrease in the CO
concentration. This was a consequence of the encouraged carbon ga-
sification (R2) and the water gas shift equilibrium (R10), leading to an
increase in the H, concentration from 31.5% to 37.3% and a decrease in
the CO concentration from 37.2 to 20.9%. As a result, the H,/CO ratio
was increased from 0.85 to 1.8 when the S/B ratio increased from 0.05
to 0.65. It has to be considered that H,/CO ratios close to 2 are required
in syngas to be used in a Fischer-Tropsch process for the production of
liquid fuels (Kim et al., 2013). The concentration of CH, remained al-
most constant with the increase in the S/B ratio, which meant that
reforming reaction rate (R8) had little effect on the range of conditions
herein used.

Fig. 4b shows the effect of S/B ratio on the gasification parameters.
Fuel conversion efficiency, X;, was enhanced, growing from 75.7 to
88%, due to the increase of the gasification rate with increasing steam
concentration, reaction (R2). The carbon conversion efficiency, 1., was
very high in all cases, with values above 95%. It can also be seen that
the S/B ratio had a low effect on both the syngas yield and the cold gas
efficiency. This was because the increase in the H, concentration was
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Fig. 4. Effect of the steam to biomass ratio on the gas composition and on the
gasification parameters. T = 940 °C. A = 0.3.

balanced with a decrease in the CO content, probably due to the effect
of the WGS reaction (R10).

3.2. Comparison with other CLG works

The works existing in literature on CLG operation in continuous
units usually analyze the effect of the operating conditions on syngas
composition and gasification parameters. A key operating parameter in
BCLG is the oxygen to biomass ratio since it determines the syngas
composition and quality. Several methods have been used for control-
ling this ratio in CLG, but they are different to the method used in this
work. In general, the ratio between the circulation rate of oxygen car-
rier material and the fuel load has been varied. Some authors increased
biomass feeding rates for a given solids circulation rate changing from
CLC to CLG when under-stoichiometric conditions were reached
(Huseyin et al., 2014; Wei et al., 2015a; Wei et al., 2015b; Shen et al.,
2018). In those cases, the variation in the biomass feeding rate changes
also the S/B ratio and the specific solids inventory in the fuel reactor,
i.e. the kg of oxygen carrier per MW, which may affect the results so
obtained. Other authors dilute the oxygen carrier with inert materials
such as silica sand to reduce the amount of lattice oxygen in contact
with the biomass for a given solid circulation rate (Ge et al., 2015; Ge
et al., 2016). In these cases, the different attrition of both materials
could make difficult to know the amount of active material present in
the bed along time. The same concept could be adopted by using
oxygen carriers with low oxygen transport capacity, although no works
have been found in literature. In this case, the issue related to the un-
certainty about the amount of active material would be solved. It has to
be considered that most of the experience on oxygen carriers is based on
chemical looping combustion processes where oxygen carriers with
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high oxygen transport capacity is desirable (Adanez et al., 2018;
Mattisson et al., 2018).

In contrast, the method used in this work for controlling the oxygen
used for syngas production through the control of the oxygen fed into
the air reactor allowed a smooth operation of the unit and a perfect
control of the process. At the same time, it allowed to maintain constant
the hydrodynamic of the CLG unit and the properties of the oxygen
carrier under different operating conditions, leading to a better com-
parison among operating conditions. In addition, this control method
allowed supplying perfectly the oxygen needed to operate at auto-
thermal conditions. Although there are no previous studies on CLG
using this oxygen control method, similar tendencies were found in
tests carried out in other continuous BCLG units that used variable
biomass feeding rate (Wei et al., 2015a; Ge et al., 2015; Shen et al.,
2018).

Most of the previous studies did not analyze the isolated effect of
oxygen-to-fuel ratio and steam-to-fuel ratio over syngas compositions
and the rest of the gasification parameters, such as solids circulation
rate and solids inventory per power unity. Ge et al. (2016) and Shen
et al (2018) presented similar tendency with the oxygen to biomass
ratio to that showed in Fig. 2b, although with lower values of fuel
conversion, reaching maxima of 90% and 95%, probably due to the
lower gasification temperature used (860 °C and 890 °C, respectively).
Ge et al. (2016) varied the S/B ratio from 0.6 to 1.4, using hematite as
oxygen carrier in a 25 kW reactor, and observed fuel conversions about
80-85%, an increment in the carbon conversion from 95% to values
near 99%, and syngas yield values around 0.7 Nm?®/kg, which were very
similar results to those obtained in this work as shown in Fig. 4b. In
other work using the same CLG unit but nickel oxide as oxygen carrier
and a temperature of 750 °C, those authors studied S/B ratios from 0.4
to 2, obtaining less carbon conversion (between 90% and 95%), less
fuel conversion (around 55%), and lower syngas yield (0.32 Nm3/kg),
probably because of the lower temperature used (Ge et al., 2015).

3.3. Fate of tars

One of the advantages put the CLG forward with respect to other
gasification processes is the lower tar generation, although few studies
have been carried out in continuous BCLG units. It must be considered
that liquid fuels production, as for example Fisher-Trospch process,
needs clean syngas in order to avoid catalyst poisoning (Kim et al.,
2013). In this sense, the presence of a metal oxide, and especially iron
compounds, can act as a catalyst for the tar reforming reaction, (R12),
and even to burn the tar, reaction (R13). In fact, a decrease in the
amount of tar production was observed in a previous work (Virginie
et al., 2012) when using olivine impregnated with Fe (2.6 g/Nm?) with
respect to the use of only olivine (5.1 g/Nm®) in the dual fluidized bed
gasification process at 850 °C. Additional tar reduction could be
achieved by using catalytic filter candles (Rapagna et al., 2010) or ac-
tivated carbon (Mun et al., 2011) downstream the gasifier.

In this work, tars obtained at different operating conditions were
collected according to the European tar protocol (Simell et al., 2000)
and quantified in a gas chromatograph coupled to a mass spectrometer
detector. Fig. 5 shows a summary of the tar compounds determined for
the different tests carried out in this work. They have been ordered
according to the gasification temperature although different operation
conditions (A values and S/B ratios) are included at each temperature.
Amounts between 0.9 and 3.0 g/Nm?® of tars were obtained depending
on the operating conditions. This represented a relevant improvement
of the CLG process with respect to the tests carried out in the same unit
under DFBG conditions where values from 2.5 to 5.1 were obtained
using olivine and Fe-olivine materials (Virginie et al., 2012).

Tar compounds distribution was similar in all cases, which indicates
that there is no any tar compound more prone to react than others.
Naphthalene was the main product generated in all experiments (65%-
90% of the total amount of tars) followed by biphenyl, benzene and
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Fig. 5. Tar concentration generated in BCLG using Fe20Al as oxygen carrier.

phenantrene.

It is also remarkable that negligible amounts of tar compounds
above 3 rings appeared in the tests.

A more detailed study showed that the amount of tars depended on
the operating conditions with the gasification temperature being the
most relevant factor. In fact, a significant tar cracking effect (R11) was
detected when temperature increased from 820 °C to 940 °C, showing a
decrease in the majority of tar compounds. Especially significant was
the tar cracking observed for naphthalene, with a reduction of 47%,
ranging from 2.1 g/Nm® at 820 °C to 1.1 g/Nm® at 940 °C. The re-
forming reaction due to the steam presence (R12) and the tar com-
bustion with the oxygen carrier (R13) also affected but in lower ex-
tension.

3.4. Oxygen carrier characterization

A special characteristic to determine the suitability of a specific
oxygen carrier to be used in a chemical looping process is to know the
behavior regarding agglomeration and attrition processes during op-
eration at high temperature. These aspects are especially relevant in
CLG processes where the oxygen carrier reacts in a more reducing at-
mosphere in comparison with CLC. With the oxygen carrier used in this
work, agglomeration problems were never detected during > 50 h of
continuous operation. The attrition was evaluated along time through
the measurement of the fine particles, below 40 um, elutriated from the
pilot plant and collected in the cyclones and filters located downstream
of the reactors. Attrition was low during the first operating hours but
suffered an increase up to reach values = 0.3%/h after 30 h of operation
and then it was maintained almost constant. Considering this value as
representative of the behavior of the particles, a lifetime of 350 h was
inferred. This attrition rate was markedly higher than the measured
working in CLC conditions with the same oxygen carrier (0.09 wt%/h,
lifetime of about 1100 h) using CH4 as fuel (Cabello et al., 2014a).
Therefore, it is possible to conclude that a significant reduction in the
lifetime of the particles was observed as a consequence of the more
fragile internal structure derived from the highly reduced conditions
under which the oxygen carrier operates in CLG. In fact, oxidation
conversions lower than 50% were detected in the oxygen carrier sam-
ples obtained both from the fuel and air reactor during operation. XRD
analysis confirmed that the major compound detected in the samples
obtained from the fuel reactor was the iron aluminate FeAl,O4. The
oxidized samples extracted from the air reactor showed the presence of

Fe30,4/Fe,03 depending on the operating conditions although they also
contained important amounts of FeAl,O4,

To determine the cause of oxygen carrier lifetime reduction, a mi-
crostructural analysis of the fresh and used oxygen carrier particles was
carried out by SEM-EDX. Entire fresh particles exhibited a regular and
smooth external surface with rounded shapes in the SEM photographs.
The cross section view of the fresh particles showed an external layer
concentrated on Fe due to the method used in preparation, and that
could be responsible for the increase in attrition rate during the first
operating hours. In contrast, the entire used particles exhibited cracks
and loss of material in the external surface, although with a core
without cracks and higher iron content, as demonstrated by the EDX
profile data. This could be due to a possible migration of iron to the
external part of the particles, and the loss of this iron by attrition due to
the stress suffered by the particles at the highly reduced conditions
existing in CLG. This would lead to a loss of active phase in the material
and the consequent loss of oxygen transport capacity.

To corroborate this hypothesis, the reactivity and oxygen transport
capacity, Ro o, Of the fresh and after used material were determined
through thermogravimetric analysis at 950 °C. A gas composed by 15%
CO and 20% CO, (N, balance) was used as reducing gas. The conver-
sion versus time curves confirmed that the oxygen carrier maintained
the reactivity of the fresh material although suffered a slight loss of
oxygen transport capacity, about 13%, (from Rgo.=2 t0o Rgoc=1.74)
after 52 h of continuous operation (38 h under gasification conditions).
In addition, ICP-AES data showed a decrease of =12% in the Fe content
in the particles used during 52 h of continuous operation, and also an
increase in the Fe content in the elutriated fines. According to these
data, it can be concluded that iron was being lost from the particles
during reaction in CLG conditions, but mainly during the first 35 h of
operation.

The results obtained from the experimental work at bench scale are
promising and useful to the advance in the BCLG technology develop-
ment. The advantage of the BCLG is that makes use of a well-known
technology as are the fluidized beds. However, the development and
testing of CLG oxygen carriers is still scarce and in lesser extent than in
CLC. A compromise among costs and performance under reduced
conditions should be reached. Natural ores are environmental friendly
and cheaper than synthetic oxygen carriers. However, synthetic mate-
rials have high reactivity and minimize tar formation, one of the ad-
vantages of the BCLG technology, although it is necessary to increase
their lifetime to reduce operating cost. Kinetic determination and
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modelling are also necessary to fulfill the challenges of this technology.
4. Conclusions

Biomass Chemical Looping Gasification was performed during 38 h
of continuous operation using pine wood and a synthetic Fe-based
oxygen carrier. The method used for controlling the lattice oxygen al-
lowed a smooth operation. The oxygen-to-fuel ratio was the most re-
levant BCLG operating parameter. H,/CO ratios about 2 can be reached
in the BCLG unit. The synthetic material behaved well although some
Fe was lost, which produced a smaller oxygen carrier lifetime in com-
parison with operation under CLC conditions. Tar contents as low as
1 g/Nm? were obtained in BCLG, which is one of the lowest values cited
in literature.
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ARTICLE INFO ABSTRACT

Keywords: Biomass Chemical Looping Gasification (BCLG) is a promising technology that enables the production of high-
Biomass purity and Nj-free renewable syngas under autothermal operating conditions. In this work, the effect of the
Chemical-looping gasification Fe-content (10, 20, and 25 wt% as Fe,03) of three synthetic oxygen carriers supported on alumina was studied in
,Srzrrlgas a 1.5 kWi, BCLG continuous unit. Similar syngas compositions and gasification parameters, biomass conversion,
Biofuels syngas yield, cold gas efficiency, etc., were obtained for the three oxygen carriers when analyzing the effect of

oxygen-to-fuel ratio (A) and fuel reactor (FR) temperature. Tars were also unaffected by the Fe-content, the
increase in the FR temperature being the only parameter that allowed their reduction. A deep characterization of
the oxygen carriers showed that the increase of Fe-content in the oxygen carrier promoted the migration of iron
to the outer layer of particles, being detached of them. Lifetimes of 900, 350 and 100 h (corresponding to
approximately 4500, 1750 and 500 cycles) were found for the oxygen carriers with 10 wt%, 20 wt% and 25 wt%
of iron oxide, respectively. Therefore, among the three oxygen carrier tested, the one composed by a 10% of
Fep03 was shown to be the most suitable for BCLG, providing the longest lifetime whereas the same syngas
composition and tar removal could be obtained regardless of the Fe-content.

1. Introduction

Almost a quarter of the total carbon dioxide in the European Union in
2019 was emitted by transport sector [1]. Therefore, the decarbon-
ization in this sector is a priority in order to achieve the Agreement of
the COP21, where the limitation of a maximum increase in global
temperature of 2 °C for the end of the century was established [2].
Syngas obtained from renewable biomass is an interesting product
which could be transformed into a wide variety of liquid biofuels such as
DME, MTBE, gasoline, diesel, etc. In fact, liquid biofuels are identified as
promising substitutes of fossil fuels both for terrestrial and aviation
transport in the near future. Biofuel consumption will increase three
times by 2030 in the Sustainable Development Scenario [3], and it is
expected to reach a 30% of share in the total consumption by 2060 [4].
There are several routes toward these products being one well-known
option the performance of Fischer-Tropsch (FT) processes [5]. Among
the different options for syngas production, Biomass Chemical Looping
Gasification (BCLG) has emerged in recent years as an innovative route
due to its advantages over conventional gasification. BCLG enables to
produce high-purity and No-free syngas (mainly CO and Hj) at
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autothermal conditions, avoiding the need of external power supply and
cryogenic air separation units. Additionally, low tar generation and
inherent carbon capture are achieved with respect to conventional
gasification [6-7]. As shown in Fig. 1, BCLG follows the same principles
as Chemical Looping Combustion (CLC) but partial conversion of
biomass to CO and Hs occurs instead of complete combustion to CO5 and
H0. These processes are usually based on the use of interconnected
fluidized beds, a technology well developed and existing at commercial
scale.

In BCLG, a solid oxygen carrier is used to transport both oxygen and
heat between two interconnected reactors, Air Reactor (AR) and Fuel
Reactor (FR). The oxygen carrier circulates between reactors, being
reduced and oxidized during many repeated cycles. In the FR, biomass is
converted into Hy, CO, CO,, H20, and CH4 by the effect of a gasification
agent (steam or COj3) and the oxygen carrier is reduced by partial
combustion of gases generated from biomass devolatilization and gasi-
fication. The reduced oxygen carrier passes to AR, where it is regener-
ated with oxygen from air. Oxidation reaction is exothermic (AH > 0)
and hot solids transport heat to FR, supplying the energy required by
endothermic gasification reactions happening in this reactor. Thus, a No-
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free renewable syngas stream is obtained without the need for an
external energy input [8].

Oxygen carrier is one of the keys to the development of BCLG pro-
cesses. In a chemical looping process, oxygen carriers require having
high integrity and mechanical strength during repeated redox cycles at
high temperature and, at the same time, it is desirable to be a low-cost
and environmentally friendly material. In addition, it must have good
fluidization properties and avoid agglomeration or sintering. Several
materials have been developed and tested previously for CLC [9].
However, the use of these materials in the gasification introduces new
challenges due to the highly reducing atmosphere present in this process
[10].

Natural iron ores, such as hematite and ilmenite, have low prices and
can be found in abundance. Hematite, mixed with silica sand, has been
tested in continuous CLG units [11] showing good results although
agglomeration was found in some cases [12]. Ilmenite, a natural ore
composed mainly of iron and titanium, has been used in a continuous
unit showing high lifetimes and no agglomeration [6]. Another low-cost
oxygen carrier would be LD slag, a by-product from the steel production
[13], which had been tested for combustion [14] and more recently in
BCLG, generating high syngas yields, albeit with a high attrition rate
[15].

In spite of the higher costs, synthetic materials have been proposed to
improve oxygen carrier properties, such as particle lifetime and tar
cracking/reforming [16-19]. Most of these materials are based on the
mixture of different metallic oxides, one of which is usually based on Fe.
These materials have only been tested in thermogravimetric analyzers
(TGA) or in fixed bed and batch fluidized bed reactors at laboratory
scale. The exception is a bimetallic Fe-Ni based oxygen carrier tested by
Wei et al. 2015 in a continuous BCLG prototype [20]. They obtained
excellent results, but the use of Ni could be a handicap due to their high
cost and toxicity.

Regarding monometallic oxygen carriers, iron on alumina is one of
the preferred synthetic materials. The research group at the Guangzhou
Energy Conversion Institute [21-22] performed BCLG tests in a 10 kW
pilot plant using a Fe303:Al;03 (7:3) oxygen carrier to analyze the effect
of operating conditions in the flue gas composition, gasification effi-
ciency, and carbon conversion rate. The oxygen carrier did not suffer
sintering, crushing phenomenon or decrease in performance, indicating
good stability of this type of synthetic oxygen carriers. In these tests, the
oxygen transferred from AR to FR was controlled by varying the oxygen
carrier circulation flow per fuel unit. Therefore, fully oxidized oxygen
carrier was present at the outlet of the AR.
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advantages of using the control of the oxygen transported from AR to FR
by limiting its feeding in the air reactor instead of using the control of
the solid circulation rates [8]. Under this control method, the oxygen
carrier could be completely reduced at the outlet of FR and partially
oxidized at the outlet of AR, which could affect its physical stability. It
must be considered that the variation of the oxygen carrier conversion in
a redox cycle depends mainly on oxygen-to-fuel ratio (A), solid circula-
tion rate, and metal oxide content in the oxygen carrier [8,23].

Using this oxygen control method, the behavior of a synthetic Fe303:
Al,O3 (2:8) oxygen carrier was recently evaluated in the BCLG 1.5 kWy,
unit located at Instituto de Carboquimica (ICB-CSIC) using pine wood as
fuel [7]. Good oxygen carrier performance was observed, although some
iron loss was found after 50 h of continuous operation. In addition, it
was also observed a significant reduction in particle lifetime, 350 h in
BCLG compared to 1100 h under CLC conditions [24]. This was a
consequence of the more fragile internal structure derived from the
highly reduced conditions in which the oxygen carrier operates in BCLG.
However, several studies have demonstrated that the amount of metal
oxide in the oxygen carrier could affect its stability during operation in
CLC [16]. As far as authors’ knowledge, there are no previous studies on
the effect of metal oxide content on the behavior of synthetic materials
in BCLG.

This work aimed to evaluate the effect of the Fe-content on the
behavior of a synthetic oxygen carrier in gasification conditions. Three
Fe-Al materials with Fe;O3 content of 10 wt%, 20 wt% and 25 wt% were
used as oxygen carriers in a 1.5 kWy, BCLG continuous unit. The effect of
the main operating conditions (oxygen-to-fuel ratio and FR tempera-
ture) on the main process parameters (syngas composition, syngas yield,
cold gas efficiency, and tar formation) was analyzed. Finally, a deep
characterization of the oxygen carriers was conducted to optimize the
amount of active phase in the particles that maximizes its lifetime.

2. Experimental
2.1. Materials

5 kg batches of each of the three Fe-based synthetic oxygen carriers
were prepared by the hot incipient wetness impregnation method.
Commercial y-alumina particles (Puralox NWa-155, Sasol Germany
GmbH) of 0.1-0.3 mm, with a density of 1.3 g/cm® and a porosity of
55.4%, were used as support. Oxygen carriers were prepared in a
planetary mixer by impregnating the support, which was heated at
80 °C, with a saturated hot solution of iron nitrate (3.8 M) from Panreac.

However, a previous study of our research group demonstrated the Successive impregnations were done depending on the final
CLG Non-diluted Syngas Syngas
H,, CO, CH,, CO,, H,0 cleaning
- v . .
: MeO, ,—t— S K/Tl—tjlesell, gasoline
etano
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/

Fig. 1. Route for syngas production via BCLG and final use.
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concentration of iron required as active phase. They were designated as
FelOAl, Fe20Al and Fe25Al according to the Fe,O3 weight content in the
material (see Table 1). After each impregnation, the material was
calcined in air atmosphere at 550 °C for 30 min to decompose the metal
nitrate into the metal oxide. After the last impregnation, the oxygen
carriers were sintered in air atmosphere at 950 °C for 1 h to increase
their mechanical strength.

The Fe content in the oxygen carriers was determined by Inductively
Coupled Plasma - Optical Emission Spectroscopy (ICP-OES) using a
Xpectroblue-EOP-TI FMT26 (Spectro) spectrophotometer. The crystal-
line phases present in each carrier were determined using a Bruker D8
Advance A25 polycrystalline powder X-ray diffractometer (XRD). A
Hitachi S-3400N with energy-dispersive X-ray Rontec XFlash of Si (Li)
analyzer (SEM-EDX) was used for microstructural analysis of entire
oxygen carrier particles and for the determination of the dispersion of
different components (Fe, Al, O) and internal view of particles after
being embedded in epoxy resin, polished and cut. Skeletal density was
measured with a Micromeritics AccuPyc II 1340 helium picnometer. The
force needed to fracture a particle was determined using a Shimpo FGN-
5X crushing strength apparatus. The crushing strength was taken as the
average value of at least 20 measurements. Porosity was measured by Hg
intrusion in a Quantachrome PoreMaster 133. A thermogravimetric
analyzer (TGA), CI Electronics type, was used to determine oxygen
transport capacity of fresh and used oxygen carriers. For this, redox
cycles were carried out using a gas composed of 15 vol% CO, 20 vol%
CO5 (N5 balance) for reduction and air for oxidation. CO was used
instead of Hy as a reducing agent because previous studies showed that
CO is capable of reducing Fe;03.Al,03 to FeAl,04 since Hy reduces
Fe503 to metallic Fe, which is never formed in continuous operation in
pilot plants [25]. It should be noted that oxygen transport capacity ob-
tained in the TGA coincided with the theoretical oxygen transport ca-
pacity corresponding to the Fe content determined by ICP-OES for the
three materials and assuming the redox pair Fe;O3.Al,03/FeAl;O4.
Table 1 shows the physical and chemical properties of the fresh oxygen
carriers.

Pine sawdust, from Ansé basin (Spain), with a particle size of 0.5-2.0
mm, was used as fuel. Proximate and ultimate analyses are shown in
Table 2.

2.2. Biomass chemical looping gasification unit

The experiments were carried out in the ICB-CSIC 1.5 kWy, unit,
whose scheme is shown in Fig. 2. It consists of two bubbling fluidized
beds, Air Reactor (0.08 m id) and Fuel Reactor (0.05 m id), inter-
connected through a Loop Seal (0.03 m id) which prevented gas mixing
between reactors. The reactors were electrically heated for a better
temperature control. A gas mixture of 2100 Nl/h of N5 and air was fed to
the AR to control the oxygen-to-fuel ratio maintaining a constant solid
circulation flow (~12 kg/h). Although the FR could be fed with steam,
CO9, Ny, or a mixture of them, 130 Nl/h of pure steam was used for
fluidization of this reactor in all tests. A stream of 90 Nl/h of Ny was
introduced into the Loop Seal. An additional description of the unit can
be found elsewhere [26].

Table 1
Physical and chemical properties of fresh oxygen carriers.
FelOAl Fe20Al Fe25Al

Number of impregnations 1 2 3
Fe,03 content (wt%)* 10 £0.1 20 £ 0.2 25+ 0.2
Particle size (pm) 100-300 100-300 100-300
Skeletal density (kg/m>) 3744 £ 55 3950 + 60 4105 + 61
Crushing strength (N) 1.8+ 0.5 1.5+04 1.6 £ 0.5
Porosity (%) 50.2 +£ 0.4 45.6 + 0.4 44.4 +£ 0.4

Oxygen transport capacity, Roc 0.010 0.020 0.025
Main XRD phases Fey03, a-Al;03, 0-Al;03

" Metal content determined by ICP-OES.
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Table 2
Proximate and ultimate analyses of biomass.

Proximate analysis (wt%, as received)

Moisture (EN 14774-3) 5.0
Ash (EN 14775) 0.3
Volatile matter (EN 15148) 79.9
Fixed carbon (by difference) 14.8
Ultimate analysis (wt%, dry basis)*

C 53.7
H 6.1
N 0.1
S 0.0
O (by difference) 39.8
LHV (kJ/kg dry biomass) (EN 14918) 19,309
Qp, (mol O/kg dry biomass) 95.3

" Determined in a Thermo Flash 1112 analyzer.

CO,, CO, and O, concentrations were measured in the gas outlet
stream of the AR with a Siemens Ultramat/Oxymat 6 analyzer. The gas
leaving FR was divided into two streams. One of them was sent to the tar
collection system. Tars were recovered following the European tar
protocol [27] and analyzed in a Gas Chromatograph (GC-2010 Plus)
coupled to a Mass Spectrometer (QP2020) Shimadzu, calibrated using
naphthalene and EPA 525 PAH MIX-A standards. After tar cleaning,
CO9, CHy, and CO concentrations were measured by a non-dispersive
infrared analyzer (Siemens Ultramat 23) and Hjy concentration by a
thermal conductivity analyzer (Siemens Calomat 6). In addition, an off-
line determination of C1-C4 hydrocarbons was done in gas chromato-
graph (Perkin Elmer CLARUS 580). The other stream leaving the FR was
burnt with Oj in a supplementary reactor in order to measure oxygen
consumption for a better check of the mass balances. CO,, CO and O,
concentrations were measured at the exit of this combustor with a
Siemens Ultramat/Oxymat 6 analyzer.

To start the experiments with each oxygen carrier, the CLG unit was
loaded with 2.5 kg of oxygen carrier, which was circulated for 6 h at
850 °C in an air atmosphere to elutriate the fine particles attached to the
oxygen carrier particles during the preparation process. Subsequently,
the air flow was replaced by steam in the FR and by N in the loop-seal,
at the same time biomass was fed (CLC operation). Later, the operating
conditions corresponding to CLG were set by replacing the air flow by a
mixture of Ny and air in the AR. As it can be seen in Fig. 3a, initially there
was complete combustion of the biomass to CO5 and H30, due to the
excess of lattice oxygen supplied by the oxygen carrier, and then the
concentration of these gases began to decrease while the concentrations
of CO and H; increased. Fig. 3b shows the oxygen reacted in the FR and
AR during the operation change from CLC to CLG. It can be observed
that during non-steady state operation the oxygen reacted in the FR was
higher than the reacted in the AR due to the oxygen released by the
oxygen carrier during its reduction. The concentrations of the different
gases stabilized after approximately 1 h of operation. One additional
hour was spent to be sure that the oxygen carrier had reached steady
state and the facility was ready to analyze the gasification process. At the
end of each day of operation and the following days, the BCLG unit was
cooled and heated under Ny atmosphere to prevent re-oxidation of the
oxygen carrier.

2.3. Oxygen control method

In CLG, the solid oxygen carrier is used to transport heat and oxygen
between AR and FR. The oxygen transported from AR to FR is closely
related to the amount of synthesis gas obtained, being necessary to
operate below stoichiometric conditions for full combustion (A < 1). In
the literature, different methods have been used to control the oxygen
transported between reactors in CLG prototypes under continuous
operation. The most commonly used method to regulate the oxygen-to-
fuel ratio was to change the amount of biomass fed, while the solids
circulation rate was kept constant [12,20]. However, significant changes
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in the power and in the specific solids inventory occur, which could
difficult the control of the temperature in the system. In some cases, the
dilution of the oxygen carrier with an inert, such as silica sand, has been
carried out to solve this problem [11].

In previous studies performed by our research group, the oxygen-to-
fuel ratio was controlled by limiting the oxygen fed to the AR [6-7,15].
This method allowed a smooth operation, maintaining constant lattice
oxygen transference between reactors, regardless of the solids circula-
tion flow rate in the system. Therefore, the oxygen-to-biomass ratio was
varied without modifying the amount of biomass fed, i.e., the power and
the specific solids inventory were maintained constant. Thus, this
method offered the opportunity to modify and analyze the effect of each
operating parameter maintaining constant the rest of the variables.
Considering all the operational advantages mentioned above, this
method was also used in this work.

2.4. Reactions

When biomass is fed into the CLG system multiple reactions occur. A
summary of them is showed in Table 3. In FR, biomass is decomposed
into three phases: char, tar, and gases (R1). Depending on the gasifying
agent used, char is converted into CO and Hy by effect of steam (R2) or
into CO if CO; is used (R3). Gases generated by biomass devolatilization
(CHg4, Hy, CO and hydrocarbons) and by gasification of char react with
lattice oxygen of the oxygen carrier, becoming CO2 and HoO (R4-R7). At
the same time, methane and light hydrocarbons could also be trans-
formed into CO and Hj by reforming reactions (R8-R9) and heavy hy-
drocarbons (tar) could be decomposed into other lighter hydrocarbons
(R11), gasified (R12) or be burned with the lattice oxygen of the carrier
(R13). It should be noted that the redox pair of the oxygen carrier is
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Table 3
Summary of main reactions in a BCLG system using a Fe;O3-Al,03 oxygen
carrier.

AHaggk (kJ/
mol)

FR
Biomass — char + tar + gases (H20, CO3, Hy, CO, CHy, >0 (R1)

CnHm)
C + Hy0 — CO + H, 131.3 (R2)
C+ CO; - 2CO 172.4 (R3)
4 Fe,03 + 8 Al,03 + CHy4 (C Hp) — 8 FeAl,04 + 2H0 + —62.3 (R4)

CO,
FeyO3 + 2 Al,O3 + Hy — 2 FeAl,04 + Ho0O —56.8 (R5)
Fey03 + 2 Al,O3 + CO — 2 FeAl,04 + CO, —98.0 (R6)
Fe,03 + 2 Al,O3 + CHy (CoHp) — 2 FeAl,O4 + CO + 2H,  149.3 R7)
CH4 (CyHpn) + H0 — CO + 3 Hy 206.1 (R8)
CH4 (CyHp) + CO2 — CO + 2 Hy 247.3 (R9)
CO + Hy0 «— CO, + Hy —41.1 (R10)
CpHm — ChxHmax + X CHy >0 (R11)
CpHm + H20/CO, — CO + Hy >0 (R12)
CyHp + (2n + m/2) Fex03 + 2(2n + m/2) Al,03 - 2(2n+ <0 (R13)

m/2) FeAl,04 + m/2 H,0 + n CO,
AR
4 FeAl;04 + Oz — 2 FexO3 + 4 Al,03 -370 (R14)
C + Oy —» CO, —393.5 (R15)

always Fey03.Al503/FeAl,04 since metallic Fe is never formed in
mentioned conditions and no intermediate phases were found by XRD in
any experiment. In AR, two reactions can occur. The oxidation of the
oxygen carrier (R14) and the combustion of non-gasified char that
passes from FR to AR through the loop seal (R15).

2.5. Data evaluation

It is well known that BCLG operation is affected by temperature and
the amount of oxygen transferred to fuel, named as oxygen-to-biomass
ratio, A.

- Oxygen-to-biomass ratio, A, was defined as the amount of oxygen
transported from the AR to the FR with respect to the stoichiometric
oxygen necessary for the complete combustion of biomass to CO5 and
H,0.

2F 02 AR in
4 = i 1
7.0 (@9)

where Foz ar in Was the flow of O, fed into the AR (mol/h), F;, was the
biomass (dry basis) fed into the system (kg/h), and Qp (mol O/kg dry
biomass) was the stoichiometric oxygen necessary for complete com-
bustion of biomass fed. This last parameter was calculated as:

32 16 32 1000

Qb = (XCE + )CH7 + )Csﬁ — .X0> Y (2)

where x; was the fraction of each component present in the biomass.
The effect of the operating conditions mentioned above was evalu-
ated through several parameters:

- Biomass conversion, Xp, is defined as the amount of carbon contained
in the biomass that is converted into gas, both in FR and AR.

[Fco, + Feo + Feuy + XFcn,] i e + Fcos)arous

1000
Fep - Frxc

_ FC,FR,om + FCAR.am _

X
3

where F; is the gas flowrate (mol/h) of component i.

- Carbon conversion efficiency, .., represents the fraction of carbon
converted to gas in the FR relative to the total carbon converted in
the unit.
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Fe rrou
Nee = 77— @
¢ Ferrou + Fearou

- Syngas Yield, Y, evaluates the amount of Hy and CO (Nm®/kg dry
biomass) produced in the FR with respect to the biomass (d.b.) fed
into the system (kg/h):

Gy,  Geo

Fy * Fy

Y=Yy +Yco = 5)

where Gy, and Gco are the flowrates of Hy and CO generated in the FR
(Nm®/h).

- Cold gas efficiency, 7, represents the fraction of chemical energy
contained in the gases leaving the FR with respect to the total energy
contained in biomass:

Fy rrou-LHV,
= —— 100 6
T Fy.LHV, ©)
where Fg pR oyt is the molar flowrate of gas leaving the FR (mol/h), LHV;
is the low heating value of gas produced (kJ/mol) and LHV}, is the low
heating value of dry biomass (kJ/kg).

3. Results and discussion

More than 150 h of hot operation, around 100 of which corresponded
to the gasification mode, was performed in the 1.5 kWy, BCLG contin-
uous unit with the three oxygen carriers, Fe10Al, Fe20Al, and Fe25Al, to
analyze the effect of different operating conditions, such as FR tem-
perature and oxygen-to-biomass ratio (See S-Table 1 in Supplementary
Information). During the operation, oxygen carrier samples were
extracted from the experimental unit and a deep characterization of the
fresh and used oxygen carrier particles was carried out to determine the
optimal amount of active phase required by the oxygen carrier in the
BCLG process.

3.1. Effect of operating conditions

3.1.1. Effect of oxygen-to-fuel ratio

One of the most important parameters affecting to BCLG process is
the oxygen-to-fuel ratio, A. As previously commented, this parameter
was controlled by limiting the air fed to the AR.

Fig. 4 shows the effect of the oxygen-to-fuel ratio on the syngas
composition and gasification performance, at 940 °C, S/B ~ 0.6 and
solids circulation rate, Fg, of ~ 12 kg/h, working with the three oxygen
carriers. As it can be seen in Fig. 4a, the same tendencies in the gas
composition were observed with the three oxygen carriers. The CO5
concentration increased and the CO and H, concentrations decreased as
the A value increased. In contrast, the CH4 and C2-C3 hydrocarbons
(light hydrocarbons) concentrations were hardly affected by the A value.
It must be remarked that the CH,4 concentration was lower working with
the Fe25Al oxygen carrier than with the other materials. As a conse-
quence of the higher CH4 conversion, the CO and Hj concentrations
were slightly higher for this oxygen carrier. No significant differences
were observed between the oxygen carriers Fel0Al and Fe20Al

In Fig. 4b, it can be seen that the carbon conversion efficiencies were
very high (>95%) in all cases and were unaffected by the value of A. In
contrast, biomass conversion increased as the value of A increased,
reaching values higher than 90% for A values above 0.3. These param-
eters were not affected by the Fe content in the oxygen carrier. Obvi-
ously, the decrease in CO and H; concentrations with increasing A values
promoted a significant reduction in the syngas yield, from ~ 1.0 Nm®/kg
to ~ 0.7 Nm®>/kg for Fe10Al and Fe20Al oxygen carriers and from ~ 1.0
Nm®/kg to ~ 0.8 Nm®/kg for Fe25Al oxygen carrier when A value
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increased from 0.2 to 0.4. In the same A interval, the cold gas efficiency
decreased from ~ 80% to ~ 60%, which means that less energy was
harnessed from the biomass when more oxygen was transported to FR.
Nevertheless, the cold gas efficiency value will be given by the A value
necessary to achieve the energy balance and get the process to operate
under autothermal conditions [8].

Although similar gas compositions and operating parameter values
were obtained using the three oxygen carriers at the same operating
conditions, the conversion variations of the oxygen carriers were
different due to their different Fe content. Fig. 5 shows the theoretical
conversion variation of the oxygen carriers as a function of A value,
assuming the redox pair Fe;03.Al;03/FeAl;04. Obviously, conversion
variation increased as A value increased and the Fe content of oxygen
carrier decreased.

Working with FelOAl and a solids circulation rate of 12 kg/h, a
maximum )\ of 0.42 could be reached and no more oxygen could be
transported. This occurs because at that value the entire oxygen trans-
port capacity of the oxygen carrier is reached, i.e., conversion = 1. In
spite of this, the operation at A > 0.42 it is not necessary because
autothermic state is achieved at lower values of A [8]. It should also be
noted that although the conversion variation of the oxygen carrier
hardly influences the syngas composition and process performance, it
implies that different proportion of Fe compounds (Fep03.Alo03/
FeAl;04) are present in the gasification process. In addition, the internal
structure changes of particles in every redox cycle are also different
depending on the Fe content, and this could affect to the lifetime of the
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Fig. 5. Theoretical conversion variations as a function of A for Fe10Al, Fe20Al,
and Fe25Al oxygen carriers and a solids circulation rate of 12 kg/h.

materials.

3.1.2. Effect of gasification temperature

The FR temperature is a parameter analyzed in most of the BCLG
studies due to its effect on gasification rates [6-7,15,20-22]. In this
work, the effect of temperature in the FR has been analyzed in a common
range covered in gasification studies (820 °C-940 °C) with the three
oxygen carriers. The gas concentrations measured at the outlet of the FR
(dry basis and free of Ny) are shown in Fig. 6a. It can be seen that with
increasing FR temperature, the CO concentration slightly increased,
while Hy and CO, concentrations slightly decreased, mainly due to the
effect of the water gas shift reaction (R10). Moreover, increasing the
temperature slightly decreased the concentrations of CH4 and C2-C3 due
to the increased influence of the reforming reactions (R8, R9 and R13),
being the effect similar for the three oxygen carriers regardless the Fe
content.

FR temperature also affected slightly to the gasification parameters.
As shown in Fig. 6b, an increase in carbon conversion efficiency was
observed with increasing FR temperature, reaching values close to 100%
at 940 °C with the three oxygen carriers. High temperatures in FR
improved gasification rate, allowing more char to be converted to syngas
rather than passing to the AR where it is burned with air. The fuel
conversion increased slightly with the temperature, indicating that char
elutriation was hardly affected by the char gasification rate. Finally, a
slight increase in the syngas yield and cold gas efficiency was found
when temperature increased as a result of the improvement in the
above-mentioned parameters. However, it should be remarked that no
significant differences were observed among the three oxygen carriers.

3.2. Tar content in syngas

Tars are large molecular compounds produced during the pyrolysis/
devolatilization of biomass in FR. Tar removal is necessary due to its
corrosive nature, which causes damage to the gasification reactors
[28-29], and because it poisons the catalysts used in downstream pro-
cesses, for example in the Fischer-Tropsch process if biofuel production
is the end use of syngas [29].

Virginie et al. [30] demonstrated the possibility to reduce tar gen-
eration in conventional pine wood gasification, from 17 g/Nm? to values
of 5.1-8.3 g/Nm®, using olivine instead of silica sand as fluidizing ma-
terial. A further reduction was achieved, up to 2.6-4.2 g/Nm?, with the
addition of Fe to the olivine during the indirect gasification process.
There are many works, performed in discontinuous units, corroborating
the catalytic activity of metals used as oxygen carriers [18,31] and
analyzing the oxidation state of the metal oxides on tar reforming and
decomposition [32]. Data about tar removal in a continuous BCLG unit
are reported by our group. Condori et al. [6] observed a reduction in the
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tar concentration until reaching values about 2.0 g/kg dry biomass using
ilmenite as an oxygen carrier during pine wood gasification. Higher
values, 3-4 g/kg dry biomass, were obtained using LD slag as oxygen
carrier [15].

Nevertheless, the effect of active metal oxide content in the oxygen
carrier on tar removal has never been analyzed before in a BCLG
continuous unit. In this study, tars were collected following the Euro-
pean Tar Protocol [27] for its subsequent quantification by GC-MS. A
total of 14 tests, each lasting one hour under steady state conditions,
were carried out with the three oxygen carriers (Fel0Al, Fe20Al, and
Fe25Al) covering different operating conditions. In each trial, 20 tar
compounds were identified and quantified. Fig. 7 shows the complete
report of tars collected in all experiments.

Despite the differences shown in the amount of each compound,
which strongly depended on the operating conditions, naphthalene was
the major compound in all tests. Its values ranged between 1.2 and 3.1
g/kg dry biomass, which represented 60%-90% of the total tars gener-
ated in each test. Other compounds such as phenanthrene, anthracene,
biphenyl, acenaphthylene or 2-ethenyl naphthalene also appeared in
significant quantities. In some tests, a small amount of benzene, a highly
toxic compound, was generated although in any case exceeded 0.15 g/
kg dry biomass.

The operating condition most affecting the generation of tars was the
fuel reactor temperature (see Fig. 8), reducing the total amount of tars in
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Fig. 8. Effect of FR temperature and Fe content in the oxygen carrier on total
tar generation. A ~ 0.3, S/B ~ 0.6, F; ~ 12 kg/h.

gas from ~ 4.0-4.5 g/kg dry biomass at 820 °C to ~ 1.2-1.8 g/kg dry
biomass at 940 °C. Tar compounds were cracked with increasing tem-
perature, leading to the major compounds, such as naphthalene, phen-
anthrene and anthracene, being reduced by more than 50%. However, it
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Fig. 7. Tar generation in BCLG using Fel0OAl, Fe20Al and Fe25Al oxygen carriers at different operating conditions. T = 820-940 °C, S/B ~ 0.6, A = 0.2-0.6.
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was observed that the Fe content in the oxygen carrier did not have a
relevant effect on tar removal at any temperature or operating
condition.

3.3. Characterization of oxygen carriers.

The behavior of the oxygen carriers is a key factor in the BCLG
process as, in addition to the syngas quality produced, it also affects
operating costs, especially when synthetic oxygen carriers are used. To
reduce operating costs, long-lifetime oxygen carriers are desirable. In
fact, the oxygen carrier should maintain its structural and mechanical
properties over time to avoid fluidization problems or agglomeration. In
addition, it should also keep high reactivity during repeated redox cycles
and avoid the loss of oxygen transport capacity.

One of the most useful parameters to determine the lifetime of an
oxygen carrier is the measurement of its attrition rate. In this work, the
attrition rates of the three oxygen carriers were analyzed during the
operation in the continuous unit. Fine particles (<40 um) elutriated
from the FR and collected by the cyclone and those recovered in the
filter located downstream of AR were weighed throughout the operating
time. As shown in Fig. 9, similar attrition rates, ~0.1 wt%/h, were found
for the three oxygen carriers during the first 10-15 h of operation. After
that, the attrition rate of the Fel0Al oxygen carrier remained constant
during the next ~ 35 h of operation, whereas the attrition rates of the
Fe20Al and Fe25Al oxygen carriers increased. With the Fe20Al oxygen
carrier, the attrition rate increased slightly with operating time, reach-
ing a value of ~ 0.3 wt%/h after 50 h of operation. However, the
attrition rate of the Fe25Al oxygen carrier increased almost linearly
until ~ 40 h of operation and then it experienced an exponential in-
crease, reaching an attrition rate value of ~ 0.9 wt%/h in 45 h of
operation.

The inferred lifetimes were around 900, 350, and 100 h for the
FelOAl, Fe20Al, and Fe25Al oxygen carriers, respectively. Thus, taking
into account the experimental conditions used (a solids inventory of 2.5
kg and a solids circulation of 12 kg/h), these lifetimes correspond
approximately to 4500, 1750 and 500 redox cycles, respectively.
Comparing these values with those found in other BCLG works, it was
concluded that the estimated lifetime of the Fel0Al oxygen carrier was
higher than those obtained for natural ores as ilmenite (630 h) [6] and
was also higher than that obtained using the waste product LD slag (300
h) [15].

Of the three oxygen carriers analyzed in this work, only Fe20Al had
been previously tested in CLC using methane as fuel [24]. Comparing the
lifetime obtained in the aforementioned study with the lifetime obtained
in this work, a remarkable decrease of lifetime is observed, from 1100 h
in CLC to 350 h in BCLG. However, it is noteworthy that decreasing the
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Fig. 9. Attrition rates for the Fe-based oxygen carriers.
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amount of Fe;O3 in the oxygen carrier increases its lifetime, in such a
way that the Fel0Al oxygen carrier used in BCLG has a similar lifetime
(900 h) to that obtained with Fe20Al in CLC. Therefore, it can be
concluded that although a decrease in lifetime occurs in BCLG with
respect to CLC, similar lifetimes could be achieved, but it is necessary to
reduce the amount of Fe;O3 in the oxygen carrier. This is possible
because the amount of oxygen that needs to be transported from AR to
FR is notably less in CLG than in CLC.

To determine the cause of the different lifetime of the three oxygen
carriers, microstructural analyses of fresh and used particles were car-
ried out by SEM. Furthermore, the dispersion of the different compo-
nents (Fe, Al, O) throughout a cut of the particles was also determined by
EDX analysis. Fig. 10 shows SEM photographs of the entire particles,
both fresh and used, and additionally the internal view of the particles
after being embedded in epoxy resin, polished and cut. The entire fresh
particles of the three oxygen carriers exhibited similar structure with
irregular rounded shapes and smooth outer surfaces. The cross-sectional
view of the fresh particles showed a thin outer layer concentrated on Fe
due to the impregnation method used in the preparation. However,
strong differences were observed in the particles after BCLG operation
depending on the Fe content. Used particles of Fel0Al oxygen carrier
showed a structure similar to the fresh material, indicating that these
particles were hardly affected by the operating time in the continuous
unit, which agrees well with the attrition rate measured using this ox-
ygen carrier. In contrast, the used particles of Fe20Al and Fe25A1 oxygen
carriers exhibited cracks and material loss in the outer surface, which
matches with the highest attrition rates measured using these oxygen
carriers. However, the cut particles of these used oxygen carriers showed
an internal core without cracks.

EDX line-scans done along the cross-section of fresh and used parti-
cles of the three oxygen carriers showed iron migration from the core to
the external layer (see S-Fig. 1 in Supplementary information). In fresh
samples, most iron appeared uniformly distributed throughout the
particle and a small amount concentrated on a thin outer layer. In used
samples, the iron also appeared uniformly distributed throughout the
particle, but the amount of iron accumulated in the outer layer was
greater. It can be seen that the thickness of the outer Fe layer followed
the order Fe25A1 > Fe20Al > FelOAl. Therefore, it was deduced that
there was a migration of iron from the inner to the outer zone of the
particles, which was accumulated in an external layer. This outer layer is
detached from the particles due to attrition and thermal stress and de-
creases the Fe content of the particles and therefore their oxygen
transport capacity, as it will be commented later. The higher concen-
tration of Fe in the detached outer layer was confirmed by SEM-EDX (See
S-Fig. 2 in Supplementary Information).

Iron loss was corroborated and quantified by ICP-OES analyses. The
amount of iron loss after ~ 50 h of operation showed a big difference
depending on the Fe content of the oxygen carrier. The Fe loss per-
centages were 6%, 13%, and 22% for the oxygen carriers FelOAl,
Fe20Al, and Fe25Al, respectively. Fines collected in the cyclone and
filters located downstream of the reactors were concentrated in Fe,
verifying the loss of this metal outside the pilot plant.

The decrease in iron content during operation implies a loss in the
oxygen transport capacity, Roc, which was confirmed by TGA tests. The
samples were reduced with a gaseous mixture of 15 vol% CO and 20 vol
% COy (N2 balance) and oxidized using air. Results obtained in TGA
agreed with those determined in ICP-OES, since the oxygen transport
capacities of Fe20Al and Fe25A1 decreased from 2 to 1.74 and from 2.5
to 1.75, respectively. In contrast, Fe10Al hardly lost oxygen transport
capacity after ~ 50 h of operation.

In summary, the FelOAl oxygen carrier maintained its structural
properties over time, with a high lifetime, and kept its oxygen transport
capacity through cycles, while Fe20Al and Fe25Al suffered higher
attrition rates and loss of oxygen transport capacity, being especially
significant for the Fe25Al oxygen carrier.

The differences observed among the three oxygen carriers lead to the
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Fig. 10. SEM photographs of the fresh and used oxygen carriers using backscattered electrons.

conclusion that an increase in the amount of iron present in the oxygen
carrier has negative consequences on the evolution of its properties
throughout the operating time. Increasing the Fe content increased the
attrition rate and decreased the lifetime of the particles. This effect
seems to be related to the degree of conversion of the oxygen carrier. It
has to be considered that the oxygen carriers are highly reduced during
operation in CLG. This oxygen carrier reduction was even more pro-
nounced in this work due to the method used for oxygen control. In fact,

XRD analyses showed that the samples extracted from FR were fully
reduced at all operating conditions, reaching FeAl;04 (see Fig. 11),
which is the maximum-reduced state thermodynamically possible
considering the gas composition in the FR. As a result (Fig. 10), samples
leaving the AR were partially oxidized (Fe3O3 and FeAl;04), and the
oxidation conversion depended on the A value and on the Fe content of
the oxygen carrier.

For the same operating conditions (A, S/B ratio and FR temperature),
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Fig. 11. XRD analyses for Fe20Al fresh sample and used samples extracted from AR and FR.

oxygen carrier conversion was proportional to its Fe content. At higher
Fe content, lower oxygen carrier conversion occurs (see Fig. 4),
increasing the amount of Fe in reduced state (FeAlyO4). This higher Fe
concentration in a reduced state seems to be responsible for the increase
in Fe migration and particle deterioration.

In any case, it can be concluded that the Fel0Al oxygen carrier has
maintained excellent structural properties during the operating time in
the pilot plant and it can be considered a suitable solid oxygen carrier for
the BCLG process where, in contrast with CLC, high oxygen transport
capacities are not necessary because low amounts of oxygen should be
transported (operation below stoichiometric point, A < 1) from AR to FR.

4. Conclusions.

The effect of the Fe-content (10, 20, and 25 wt% as Fe;03) of three
synthetic oxygen carriers supported on alumina on the BCLG process
was studied in a 1.5 kWy, BCLG continuous unit. The main conclusions
found have been the following:

- Similar syngas composition and gasification parameters, such as
biomass conversion, syngas yield, cold gas efficiency, etc., were ob-
tained using the three oxygen carriers.

Tar generation/destruction was not affected by the Fe-content, the
increase in the FR temperature being the only parameter which
allowed their reduction.

Iron migration to the outer layer of particles, being detached of them,
was promoted with the increase of Fe-content in the oxygen carrier.
Lifetimes of 900, 350, and 100 h were found for the oxygen carriers
with 10 wt%, 20 wt%, and 25 wt% of iron oxide, respectively.
Among the three oxygen carriers tested, the composed by a 10% of
FeoO3 maintained excellent structural properties during the oper-
ating time and was shown to be the most suitable for BCLG.
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ABSTRACT

Chemical Looping Gasification (CLG) has emerged recently as a promising technology for producing non Np-diluted syngas without the need for an external power
supply or the expensive use of pure Oy. Many studies have focused on development of oxygen carriers since they are considered a crucial factor in CLG processes.
Fep03/Al303 (FeAl) oxygen carriers have been proposed due to previous experience in Chemical Looping Combustion (CLC). However, the aggressive conditions of
gasification cause a decrease in the mechanical stability of the particles, which can be a challenge for their use in CLG. In this work, the operating conditions and Fe-
content required to maintain the particle integrity of oxygen carrier particles during redox cycles in both CLC and CLG operations were determined. Long-term tests,
consisting of 300 redox cycles, were conducted in a TGA to simulate the operation in a continuous unit and the results were compared with attrition data obtained
from a 1.5 kWy, CLG unit. Three oxygen carriers with varying Fe;Os-content (10, 20 and 25 wt%) were used, and three different solid conversions (0-25 %, 75-100 %
and 0-100 %) were performed to emulate CLC or CLG atmospheres at three temperatures (850 °C, 900 °C and 950 °C). The evolution of the microstructure of
particles was analyzed using a scanning electron microscope (SEM) and it was found that the lower the Fe;O3 content in the particles, the greater their stability in
redox cycles, an increase in the reaction temperature led to a more rapid degradation of the oxygen carrier particles, and the solid conversion variation and degree of

reduction/oxidation during redox cycles strongly influenced the evolution of the mechanical stability of the oxygen carrier particles.

1. Introduction

Gasification technologies have been used for many years to generate
syngas that can be used either for power and heat generation or for the
production of chemicals [1]. Various gasification processes have been
developed, which mainly differ in the way of producing the heat needed
for endothermic gasification reactions. Thus, heat can be produced by
combustion of part of fuel inside of the gasification reactor using air, but
the use of air causes dilution by N5 of the syngas. The use of pure oxygen
avoids dilution with Ny but implies the high cost of the air separation
unit (ASU). In dual fluidized bed (DFB) gasification, the combustion of
part of fuel takes place in a separated reactor (combustor) and the
generated heat is transported by an inert solid to the gasifier, but CO; is
emitted in the combustor and high concentrations of tar are generated in
the gasifier, which cause corrosion on the reactor walls and on the pipes
downstream of the gasifier. Based on DFB, Chemical Loping Gasification
(CLG) is a promising technology that allows the production of non Nj-
diluted syngas, solves the aforementioned problem of high concentra-
tions of tars and CO5 emissions, while avoiding the need of ASU. In CLG,
fuel gasification and heat generation are divided into two stages carried
out in two interconnected fluidized bed reactors. An oxygen carrier is
used instead of an inert solid to transport heat and oxygen between

* Corresponding author.
E-mail address: 1dediego@icb.csic.es (L.F. de Diego).

https://doi.org/10.1016/j.fuel.2023.129326

reactors. In addition, this material is also capable of catalyzing tar
reforming reactions, reducing the tar concentration and therefore
minimizing the corrosion of the reactors and the blockage of the pipes as
well as other problems caused in downstream processes.

Although fossil fuels, such as coal or petroleum coke, can be used for
the gasification process, one of the additional advantages of this tech-
nology is the production of renewable syngas when biomass is used as
fuel. Biomass, an abundant natural resource derived from plants and
organic waste, is considered carbon neutral since it absorbs the same
amount of carbon from the atmosphere during its growth as it releases
when is consumed as fuel. Thus, when the use of biomass is combined
with CO3 capture technologies, negative CO, emissions can be achieved,
which is one of the goals to achieve net zero emissions by 2050 [2].

The main scheme of the CLG process is shown in Fig. 1. The fuel is fed
into the fuel reactor (FR) where it is devolatilized, generating mainly a
gaseous fraction (CO, CO», Hz, CH4 and H20) and a solid fraction (char).
The solid fraction is gasified with steam, which is also used for fluid-
ization and is fed from the bottom of the FR. Both the volatile products
and the gases coming from char gasification react with the oxygen
carrier, reducing it. Once reduced, the oxygen carrier passes to the air
reactor (AR) where it is regenerated with air, heating up due to the
exothermic nature of the oxidation reaction. Finally, the oxidized
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Fig. 1. Scheme of the CLC and CLG processes.

oxygen carrier enters into the FR again transferring the heat necessary
for devolatilization and gasification reactions.

Unlike chemical looping combustion (CLC), where oxygen is fed
(oxygen-fuel ratio ~1.2) and transported in excess to ensure full com-
bustion of the fuel, in CLG, the oxygen transferred from the AR to the FR
must be controlled to avoid full oxidation of the volatiles and gasifica-
tion products. In this sense, low oxygen-fuel ratios (~0.3-0.4) are used,
leading the process to high reducing atmospheres. For this reason,
several authors have focused their research on the development of
resistant oxygen carriers to these highly reducing conditions existing in
the CLG process.

Natural ores have been tested in continuous units due to their low
cost and abundance. One of the most studied oxygen carriers is hematite,
a natural iron ore. This Fe-ore, diluted with silica sand, was used in a 25
kW, unit for gasification of rice husk [3] and coal [4], and some
agglomeration was found at high temperatures (900 °C). Hematite has
also been tested by our research group on a 1.5 kWy, unit installed at
Instituto de Carboquimica (ICB-CSIC), giving lifetimes of 300 h [5]. This
lifetime was much lower than the more than 2000 h obtained using the
same oxygen carrier in CLC [6]. Other minerals, such as ilmenite, have
also been investigated by our research group, showing good behavior
but reducing their lifetime to almost half of that obtained in combustion
[7]. LD slag, a by-product from the steel production, was tested in the
same unit and a low lifetime (300 h) was also found [8].

In spite of their higher costs, synthetic oxygen carriers have been
prepared to improve the lifetime relative to ores and wastes. According
to the principles of reactivity, abundance and environmental harmless-
ness, Fe-based synthetic oxygen carriers have been widely developed for
CLG. There are some works that study the use of pure Fe;O3 [9], but its
low resistance makes it practically unfeasible for CLG. The addition of
Fe;03 to an inert support (commonly Al;O3) was raised as a promising
way to reduce costs and increase the lifetime of the particles due to the
high strength of the support. High resistance to redox cycles without
sintering was observed in a 10 kW, continuous unit operating with an
oxygen carrier composed of 70 wt% Fe,Os and 30 wt% alumina and
prepared by a mechanical mixing method [10]. This oxygen carrier also
showed relatively high resistance to attrition after 60 h of operation
[11].

Our research group at ICB-CSIC developed a 20 wt% FepO3 over
alumina oxygen carrier (Fe20Al) prepared by the hot wetness impreg-
nation method [12]. The Fe20Al oxygen carrier was satisfactorily tested
for the combustion of sour and acid gas combustion [13,14] as well as
for the combustion of liquid fuels [15]. Furthermore, the Fe20Al oxygen
carrier proved to be a promising solid for CLC of CHy, as it retained its
properties after numerous redox cycles, with a lifetime of 1100 h [16].
Due to the great results obtained in CLC, the analysis of the behavior of
this oxygen carrier for CLG was also carried out in a continuous unit
[17]. It was found that, similar to what happened with ores and waste,
the lifetime of the oxygen carrier decreased from 1100 h working in CLC
conditions to 350 h working in CLG conditions. Structural analysis of
used oxygen carrier particles revealed that the migration of Fe had
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affected them, creating an outer layer that detached after repeated cy-
cles, compromising the integrity of the particles and reducing their ox-
ygen transport capacity. Some authors [18,19] explained that Fe cations
are displaced to the surface of the particles after cyclic redox reactions,
generating a porous structure inward. It was suggested that the Fe outer
layer hindered the diffusion of gases into the interior of the particle. Ma
et al. [20] found that increasing the calcination temperature of FeAl
oxygen carriers led to a reduction in pore volume and a more compact
particle microstructure, which promoted the outward migration of Fe
cations in the oxygen carrier. To prevent Fe segregation and the for-
mation of a Fe layer, the authors suggested that particle calcination at
lower temperatures (900 °C—1100 °C) should be used in order to
maintain porosity and allow gas diffusion inward. Another study found
that decreasing the Fe;O3 concentration in the oxygen carrier particles
from 25 wt% to 10 wt% improved the lifetime of the particles from 100 h
to 900 h [21]. Analysis of particles used in a pilot plant for about 50 h
showed that the oxygen carrier particles with a Fe;O3 content of 10 wt%
had hardly any losses of FexO3, while particles with 20 wt% and 25 wt%
of FepyO3 had lost 13 % and 23 % of the initial Fe;O3 content,
respectively.

As has been commented so far, Fe;03/Al;03 oxygen carriers have a
notable relevance in chemical looping technologies, but their behavior is
very sensitive to the atmosphere in which they operate and to the
properties generated during their preparation, being the lifetime and the
reactivity conditioned by these parameters. Although lifetimes values
and microstructure analysis of the oxygen carriers have been determined
in previous works, most of these studies have been focused on the
analysis of the effect of operating parameters, such as reactor temper-
ature and oxygen-fuel ratio, on the behavior of the process, mainly in the
yields achieved and the composition of the syngas generated in the
process. Therefore, to the best of our knowledge, the isolated effect of
operating conditions on the solid structure of oxygen carrier particles
has not been studied in detail.

The aim of the present study was to analyze the isolated effect of
preparation and operating conditions on the solid structure of oxygen
carrier particles, as this can provide insights into the fundamental
mechanisms that govern the behavior of the oxygen carrier in Chemical
Looping systems. By understanding the structural changes that occur in
the oxygen carrier particles under different operating conditions, it may
be possible to optimize the preparation and operation of oxygen carriers
to achieve higher reactivity and longer lifetimes. Furthermore, under-
standing the effect of operating conditions on the solid structure of ox-
ygen carrier particles can help in the development of more robust and
efficient Chemical Looping technologies. This knowledge can be used to
improve the design and operation of Chemical Looping systems, with the
goal of reducing the environmental impact of syngas o energy produc-
tion and increasing the sustainability of syngas o energy generation.

2. Experimental
2.1. Oxygen carriers

Three samples of synthetic Fe-based oxygen carriers were prepared
by the hot wetness incipient impregnation method. y-alumina (Puralox
NWa-155, Sasol Germany GmbH) of 0.1-0.3 mm, with a density of 1.3
g/cm® and a porosity of 55.4 %, was used as the support. The alumina
was preheated at 80 °C in a planetary mixer and successive impregna-
tions (see Table 1) of a hot solution of iron nitrate (3.8 M) from Panreac
were added depending on the final iron concentration required. Calci-
nation at 550 °C for 30 min after each impregnation was performed to
decompose iron nitrate into Fe;Os. A final sintering of 2 h in air atmo-
sphere at 950 °C was carried out to increase the strength of the particles.
The materials prepared were Fe10Al (10 wt% of Fe;03), Fe20Al1 (20 wt%
Feg03), and Fe25Al (25 wt% Fep03). Table 1 shows the main physical
and chemical properties of the prepared oxygen carriers.

Microstructural images of fresh and used oxygen carrier particles
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Table 1
Physical and chemical properties of fresh oxygen carriers.
FelOAl Fe20Al Fe25A1
Fe,03 content* wt.% 10 £ 0.1 20 £0.2 25+ 0.2
Number of impregnations 1 2 3
Oxygen transport capacity, 0.010 0.020 0.025
R()C
Particle size pm 100-300 100-300 100-300
Skeletal density kg/ 3744 + 55 3950 + 60 4105 + 61
3
m
Crushing strength N 1.8+0.5 1.5+04 1.6 £0.5
Porosity % 50.2+ 0.4 45.6 £ 0.4 44.4 £ 0.4
XRD phases Fe;03, a-Al;,03, 0-Al;03

* Fe metal content determined by ICP-OES.
" Determined in a thermogravimetric analyzer.

were taken by a Hitachi S-3400 N scanning electron microscope (SEM)
coupled to a Roentec XFlash Si (Li) detector for energy-dispersive X-ray
(EDX) analysis. Crystalline phases present in each carrier were deter-
mined using a Bruker D8 Advance A25 polycrystalline powder X-ray
diffractometer (XRD). Inductively Coupled Plasma - Optical Emission
Spectroscopy (ICP-OES) was used to determine Fe-content in the oxygen
carriers by a Xpectroblue-EOP-TI FMT26 (Spectro) spectrophotometer.

2.2. Experimental procedure

Long-term tests were conducted in a CI Electronics thermogravi-
metric analyzer (TGA) described elsewhere [22]. The tests were per-
formed using samples of ~150 mg of fresh oxygen carrier, which were
exposed to alternate reducing and oxidizing atmospheres during 300
redox cycles. A mixture of 15 vol% CO and 25 vol% CO5 was used as the
reducing agent and 3 vol% O as the oxidizing agent (N, balance). The
total gas flow in all cases was 25 Nl/h. Between each reduction and
oxidation period, a purge period with N, was introduced for 2 min to
avoid gas mixing.

The sample conversion variation (AX;) during the reduction and
oxidation periods was limited by controlling the reaction time and was
defined by Egs. (1)-(3).

AXV = Xoxi — Xrea (1)
X,i=1-— Mo — 1 2
Meyj — Myeq
Meyyi — M
Xrea =—— 3)
Moyi — Myed

where m was the actual mass of sample, my; was the mass of the sample
fully oxidized (FepO3-Alo0O3) and myeq the mass of the sample in the
reduced form (FeAlyO4). The redox pair for Fe-Al solids was FeyOs.
-Aly03-FeAl0y4, since FeAl;04 was the only reduced state permitted by
thermodynamics, as reported by Cabello et al. [23]. Further reduction to

100 %----

75 %---

Solid conversion, Xg

25 %---

0% -

Time

Fuel 355 (2024) 129326

metallic Fe was not possible in the presence of steam or CO5, which is
common both in CLC and CLG.

Three ranges of AX; were analyzed, which are schematically shown
in Fig. 2. a) AXg = 25 % starting with the sample fully reduced, that is,
from Xox; = 0 % (Xreq = 100 %) to Xoxi = 25 %, b) AXs = 25 % finishing
with the sample fully oxidized, that is, from Xox = 75 % to Xoxi = 100 %,
and ¢) AXs = 100 %, complete cycles from Xoxi = 0 % to Xoxi = 100 %.
The AX; in the CLG process depends mainly on the solids circulation rate
and Fe,O3 content in the oxygen carrier. For the FeoO3 contents used in
this work (10 wt% to 25 wt%) and using typical solids circulation rates
(5-7 kg/MW.s) to avoid a large variation between temperatures in FR
and AR (AT = 50-80 °C), AX; would be between 10 and 40 %, as stated
by a previous work [24]. So, a AXg = 25 % was considered a realistic
value to use with all three oxygen carriers. Moreover, taking into ac-
count that in the FR the oxygen carrier is almost completely reduced, the
conversion variation in the process must be between 0 and 25 %. On the
contrary, in the CLC process, excess oxygen is used and the oxygen
carrier leaves the AR almost completely oxidized (Xoxi = 100 %). A
conversion variation of AXg = 25 % (75-100 %) corresponds to a ¢
(amount of the oxygen available in the FR reactor, which is transported
by the oxygen carrier, with respect the stoichiometric oxygen demanded
by the fuel fed) value of 4, which is a very typical value for the CLC
process. The AX; = 100 % has been used for comparative purposes.

After the completion of the cycles in TGA, the reactor was cooled
under Ny atmosphere before the sample extraction. Then, the micro-
structure of some selected particles after reaction was analyzed by SEM-
EDX.

3. Results

In this study, the evolution of the microstructure of oxygen carrier
particles during redox cycles was analyzed in relation to oxygen carrier
conversion, temperature, Fe;O3 content, and number of redox cycles. A
total of twenty-seven experiments were conducted in TGA, each con-
sisting of 300 redox cycles, covering a range from the most aggressive
conditions for the oxygen carrier (high temperature and high reducing
atmosphere) to the mildest conditions (low temperature and low
reducing atmosphere), which represent typical CLG and CLC conditions.

Fig. 3 illustrates an example of redox cycles performed with the
Fe20Al oxygen carrier at a temperature of 950 °C and a sample con-
version range from Xoxi = 0 % to Xoxi = 100 %. Under these conditions,
significant degradation or weakening of the oxygen carrier particles was
observed. However, as can be seen in the figure, despite the decrease in
the mechanical resistance of the solid, the mass variation remained
constant during all cycles, indicating that the oxygen transport capacity
of the oxygen carrier did not vary. Moreover, it was found that the
reactivity of the particles remained constant during the 300 cycles, with
both the reduction and the oxidation being quickly at the beginning and
end of the test. The same effect was observed in all experiments, with the

100 % ---

CLC/ICLG

Solid conversion, Xg

0% --

Time

Fig. 2. Oxygen carrier conversion. (a) AXs; = 25 %, (b) AX; = 100 %.
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Fig. 3. Redox cycles performed with the Fe20Al oxygen carrier in the TGA.
AXg =100 %, T = 950 °C.

different oxygen carriers and under the different experimental condi-
tions, whether or not degradation or weakening of the particles
occurred.

3.1. Evaluation of isolated parameters

3.1.1. Effect of oxygen carrier conversion

When the CLC process is performed, excess lattice oxygen is trans-
ported from AR to FR to achieve complete combustion of the fuel. In this
case, the oxygen carrier should be fully oxidized in the AR, while its
reduction in the FR will depend mainly on its oxygen transport capacity
and solid circulation rate for a given fuel supply. Consequently, the
variation in solid conversion (AXy), as defined by Egs. (1)-(3), will be
limited to a range of Xoxi = 100 % (Xred = 0 %) in the AR and Xoy; greater
than 0 % and X;eq < 100 % in the FR (see Fig. 2).

Unlike the CLC process, the CLG process is conducted under sub-
stoichiometric conditions to prevent complete combustion of the fuel.
This implies that the amount of oxygen transported from AR to FR must
be carefully controlled to ensure that there is sufficient oxygen transfer
to meet the energy balances and achieve autothermal operation. In other
words, it is necessary to adjust the oxygen to fuel ratio to maximize
syngas yield while operating under autothermal conditions. Various

AXs=75-100%

Fig. 4. SEM images of the Fe20Al particles after 300 redox cycles in TGA. T = 950 °C. Three different ranges of conversion:

= 0-100 %.

AX;=0-25%
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methods have been used in the literature to control this oxygen to fuel
ratio [24]. One of them is based on the variation of the biomass fed for a
constant transfer of lattice oxygen [4]. However, this method causes
variations in the solids specific inventory in the fuel reactor. Dilution of
the oxygen carrier with an inert material has been done in another
method, but different attrition rates of the solids could vary the solid
mixture with time [3]. Another possibility would be to limit the oxygen
transferred by controlling the solids circulation flow rate between re-
actors, but it could affect to fluidynamic behavior [24]. Finally, recent
studies have reported that the limitation of oxygen supply in AR allows
maintaining a stable solids circulation rate while maintaining a constant
solid inventory and the fluidynamic conditions [24,25], it means
without disturbing reactor hydrodynamics. This control method concept
has been demonstrated to be suitable for small prototypes [5,7,8,17,21]
and large-scale (1 MWy,) CLG units [26,27]. In this control method,
oxygen limitation causes incomplete oxidation of the oxygen carrier in
AR, Xoxi < 100 %, while in FR the solid can be reduced to the lowest state
allowed by thermodynamics (Xoxi = 0 %, Xred = 100 %), which is
FeAl;04. In any case, the variation of the oxygen carrier conversion will
depend on the operating conditions employed in the process and this
parameter will affect the structure of the particles, being identified as
the main reason for the decrease in the oxygen carrier lifetime when it is
used under CLG conditions as opposed to CLC conditions [28]. In this
section, the behavior of the oxygen carriers during redox cycles at
different atmospheres and three different degrees of conversion (Xqxi
from 75 % to 100 %, from 0 % to 25 %, and from 0 % to 100 %) was
analyzed.

Fig. 4 shows SEM images of the microstructure of the Fe20Al oxygen
carrier particles taken after 300 redox cycles at a temperature of 950 °C
and three different degrees of conversion. The SEM images revealed that
operating with low variations of oxygen carrier conversion in reducing
atmospheres (AXs = 0-25 %), corresponding to typical operating con-
ditions in CLG, promoted the migration of internal Fe to the surface of
the particles (see Figure S3 in the Supplementary Material). The same
phenomenon was observed when redox cycles were carried out with
high oxygen carrier conversion variations, from full reduction to full
oxidation (AXs = 0-100 %). In both samples, a rough and highly porous

AX; =0-100%

AX; = 75-100 %, AX; = 0-25 %, and AX
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layer with a filamentous shape and ramifications was observed on the
surface of the particles. The SEM images also revealed the presence of
agglomerates, which linked the oxygen carrier particles forming new
large particles. Beyond the formation of agglomerates, Fe migration
resulted in an increase in the volume of the particles, as shown in
Figure S1, Series a, in Supplementary Material. In addition, the migra-
tion of Fe led to a decrease in the mechanical strength of the solid,
making them more susceptible to the attrition process. In contrast, the
sample taken from the experiment conducted under more typical con-
ditions of the CLC process (AXs = 75-100 %) showed a surface with
negligible iron deposition. Only a few small iron grains were found on
the surface of the particles, likely formed during the impregnation
preparation process. The particles showed similar sizes with irregular
shapes and no signs of agglomeration. Compared to the samples ob-
tained under more reducing conditions, the surface of these particles
was compact, less porous, and had fewer rough structures. Thus, it can
be concluded that the migration of Fe, and consequently the degradation
of the Fe-based oxygen carrier particles, was significantly reduced under
oxidizing conditions. These findings are consistent with previous results
obtained from a continuously operating unit, which determined a
decrease in the lifetime of the Fe20Al oxygen carrier particles from 1100
h in CLC to 300 h in CLG [21].

3.1.2. Effect of temperature

Typical operating temperatures at CLG ranged from 750 to 940 °C
[3,4,10,11]. However, previous CLG studies have reported that oper-
ating at FR temperatures above 900 °C can bring several benefits for the
gasification process, including an increase in the char gasification rate, a
reduction in tars, and higher conversion of hydrocarbons into CO and Hy
[17,21]. On the contrary, high temperature can also have negative
impact on the integrity of the oxygen carrier particles. In this study,

850 °C
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Fe20Al oxygen carrier samples were used to analyze the microstructure
of the particles after undergoing 300 redox cycles in the conversion
range from AX; = 0 % to 25 % at three different temperatures (850 °C,
900 °C and 950 °C) to cover a wide range of temperatures commonly
used in BCLG.

Fig. 5 shows SEM images of the oxygen carrier particles after 300
redox cycles. It can be observed that the particles reacted at 850 °C
retained their integrity and showed similar sizes with irregular shapes.
Their surface was compact, with low porosity and rugosity, and without
signs of agglomeration. A few small iron grains were visible on the
particle surface, likely formed during the impregnation preparation
process, as previously mentioned. Thus, it can be inferred that low
migration of Fe occurred under this operating condition. As the tem-
perature increased first to 900 °C and then to 950 °C, a progressive
growth of iron grains was observed on the surface of the particles. This
was a consequence of the increased migration of Fe cations from the
inward to the external surface of the oxygen carrier. As discussed in the
previous section, iron migration promoted Fe accumulation around the
particles, creating a highly iron-concentrated outer layer with a rough
and spongy structure (see Figure S3 in the Supplementary Material). At
both 900 °C and at 950 °C, the appearance of iron agglomerates on the
particle surface and the formation of small particles composed mainly of
iron due to particle disintegration were observed. Again, the migration
of Fe increased the porosity of the particles, with greater porosity at
higher temperatures, resulting in a notable increase in particle volume
(see Figure S1, Series b, in Supplementary Material). This also promoted
a decrease in particle mechanical strength, which could cause the par-
ticles to break easily during actual operation in a fluidized bed reactor.
In this regard, it is recommended to operate at low temperatures to
preserve the integrity of the oxygen carrier particles.

The effect of temperature was also analyzed using the FelOAl and

Fig. 5. SEM images of the Fe20Al particles after 300 redox cycles at 850 °C, 900 °C and 950 °C. AX; = 0-25 %.
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Fe25A1 oxygen carriers. Similar to Fe20Al, it was observed that iron
migration increased with an increase in temperature for both oxygen
carriers. However, it was also found that high particle weakening
occurred in the Fe25Al1 oxygen carrier even at the lower temperature of
850 °C. This suggests that the Fe;O3 content in the oxygen carrier also
had an influence on particle integrity.

3.1.3. Effect of Fe303 content

In CLG, the use of oxygen carriers with a wide range of oxygen
transport capacities is advantageous over CLC, as the amount of oxygen
transported from the AR to the FR needs to be controlled to prevent
complete combustion of the fuel. This allows for varying the Fe;O3
content in the oxygen carrier to improve its mechanical properties. In
this study, the microstructure of reacted particles of three FeAl oxygen
carriers with Fe;O3 contents of 10 wt%, 20 wt%, and 25 wt% was
analyzed.

Fig. 6 shows SEM images of the particles of the three oxygen carriers
tested in TGA for 300 redox cycles at the temperature of 900 °C and a
AX; from 0 % to 25 %. The SEM images show that the Fe20Al and Fe25Al
oxygen carriers experienced high iron migration, resulting in the
appearance of iron agglomerates on the surface of some of the particles
and forming new particles with different shapes and sizes. In contrast,
the Fel0Al oxygen carrier exhibited a much more stable structure, with
a slightly higher Fe concentration observed on the outer particle. The
grain sizes of Fe located in the outer layer of the Fel0Al particles were
very small compared to those formed on the Fe20Al and Fe25Al.
Moreover, the external surface of the Fe20Al and Fe25Al particles also
showed a more porous, spongy, and rough structure than the FelOAl
particles. This suggests that low interactions between metal oxide and
the support preserved the oxygen carrier structure. Cabello et al. [28]
suggested that the low interaction between the metal and the support

FelOAl

Fe20Al
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promotes low volumetric changes, avoiding the generation of vacancies
that are responsible for the weakening of the particles.

These results show that the stability of Fe-based oxygen carriers in
chemical looping processes is affected by the initial Fe;O3 content in the
oxygen carrier, and those oxygen carriers with lower Fe;O3 content tend
to be more stable. The implication of this finding is important in the
preparation of oxygen carriers, since the use of oxygen carriers with a
low amount of active phase reduces their preparation costs. The optimal
amount of active phase in the oxygen carrier will depend on the specific
requirements of the process it will be used in. A higher amount of active
phase (i.e. higher Fe;03 content) will be necessary for the CLC process,
where complete combustion of the fuel is desired, compared to the CLG
process, where oxygen transport must be controlled to prevent complete
combustion of the fuel. Therefore, for the CLG process, an oxygen carrier
with a lower amount of active phase, such as the Fel0Al oxygen carrier,
would be sufficient to transport the necessary oxygen [24]. However, for
the CLC process, an oxygen carrier with a higher Fe;03 content would be
necessary.

3.1.4. Effect of number of cycles

In the previous sections, it was shown that the degradation and loss
of mechanical strength of Fe-based oxygen carriers are strongly related
to the operating parameters and the intrinsic characteristics of the ox-
ygen carrier. The degradation of the particles does not occur immedi-
ately, but is a consequence of the thermal and chemical stress
experienced by the particles due to redox cycles. Therefore, in order to
analyze the evolution of the behavior of oxygen carriers, this section
analyzes the evolution of the structure of the particles as a function of
the number of redox cycles they undergo. To accomplish this, samples of
Fe20Al and Fe25Al oxygen carriers were subjected to 25, 50, 100, and
300 cycles and subsequently analyzed using SEM. The TGA experiments

Fig. 6. SEM images of the Fel0Al, Fe20A and Fe25Al particles after 300 redox cycles at 900 °C. AX; = 0-25 %.
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were conducted under highly reducing conditions (AXs = 0-25 %) at the
temperature of 900 °C. It should be noted that a new fresh sample was
used for each set of redox cycles.

Fig. 7 and Fig. 8 show SEM images of oxygen carrier particles taken
after each set of redox cycles. It can be observed that the migration of Fe
and the degradation of the particles were progressive with the number of
redox cycles. Fresh particles and those used for only a few redox cycles
(50 with Fe20Al and 25 with Fe25Al) showed a compact surface, with
low porosity and roughness, and no large Fe grains or agglomerates were
observed on the surface. As the number of redox cycles increased, the
migration of Fe became evident, and small grains or agglomerates of Fe
formed on the surface of the particles (images after 100 cycles for the
Fe20Al oxygen carrier and 50 for the Fe25A1 oxygen carrier). The size of
the Fe grains or agglomerates grew with the number of cycles, forming
an external layer concentrated in Fe, which showed high porosity and
roughness (See Figure S2 in the Supplementary Material). After 300
redox cycles, it was observed that some particles had broken into pieces,
while others had joined together due to agglomeration, generating
larger particles.

Finally, it should be noted that the process of Fe migration and
particle degradation was faster in the Fe25Al oxygen carrier than in the
Fe20Al carrier due to its higher initial Fe;O3 content, which is in com-
plete agreement with what was observed in the previous section.

4. Discussion and practical information

Previous studies have demonstrated the potential of Fe-based oxygen
carriers supported on AloO3 (Fex03/Al203) for application in both CLC
and CLG processes [12-17,21]. However, most of these studies have
focused on analyzing the effects of varying operating conditions, such us
temperature, oxygen/fuel ratio, steam/fuel ratio, etc. While important
for evaluating process parameters such as combustion efficiency, CO5
capture, syngas composition and yield, and tar formation, this approach
makes it difficult to accurately analyze the effect of each individual
operating condition on the physicochemical evolution of the oxygen
carrier particles, as the particles are exposed to very different operating
conditions throughout the experimental campaign. Nonetheless, the
results obtained in this study will be compared to those obtained in a 1.5
kW, prototype with continuous operation using the same oxygen car-
riers under CLG conditions, while keeping these considerations in mind

25 cycles

0 cycles
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[17,21]. The prototype consisted of two bubbling fluidized bed reactors,
air reactor (0.08 m id) and fuel reactor (0.05 m id), interconnected
through a loop seal (0.03 m id) which prevented gas mixing between
reactors. Pine sawdust, from the locality of Ansé (Spain), was used as
fuel. Further description of this unit could be found elsewhere [29].

Table 2 presents a summary of the results obtained in this study
regarding the integrity of the particles of the three oxygen carriers after
being subjected to 300 redox cycles in a TGA under different operating
conditions. From these results, the following important conclusions can
be drawn:

- The conversion variation and the degree of reduction/oxidation of
the oxygen carrier particles during redox cycles are parameters that
strongly affect the evolution of their mechanical stability. In samples
with high degrees of oxidation, typical for CLC operating conditions,
the mechanical stability of the particles is preserved longer as the
solids conversion variation decreases. It can be seen in Table 2 that
the mechanical stability of the solids in the range AX; = 75-100 %
was higher than in the range AX; = 0-100 %. On the contrary, in
samples with high degrees of reduction, typical for CLG operating
conditions, the mechanical stability of the particles is preserved for a
longer time as the solids conversion variation increases. The me-
chanical stability of the solids in the range of AX; =100 % was higher
than in the range of AXs; = 0-25 %. Therefore, it is preferred to
operate at AX; close to 100 % instead of a low AX; range. This could
be achieved by using oxygen carriers with low Fe;03 content because
the lower the oxygen transport capacity, the higher the solid con-
version variation during the redox cycles.

The Fe;03 content in the oxygen carrier has little effect on preserving
the mechanical stability of the particles when working under CLC
conditions (oxidizing atmosphere), but it is a decisive characteristic
in the selection of the oxygen carrier when working under CLG
conditions (reducing atmosphere). For CLG, it is advisable to use as
little Fe;O3 as possible in the preparation of the oxygen carrier. This
would also help to achieve high solid conversion variations, which
have been found to be beneficial in maintaining particle mechanical
stability. However, it must be noted that the oxygen carrier must
have sufficient oxygen transport capacity, Rog, to transfer the oxygen
needed to maintain the system in autothermal operation.

50 cycles 300 cycles

Fig. 7. SEM images of the Fe25Al oxygen carrier particles after a set number of redox cycles. T = 900 °C. AX; = 0-25 %.
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Fig. 8. SEM images of Fe20Al oxygen carrier particles after a set number of redox cycles. T = 900 °C. AX; = 0-25 %.

Table 2

Integrity of the oxygen carrier particles after 300 redox cycles in TGA and oxygen carrier particle lifetime determined in a 1.5 kWy, prototype operating under CLG

conditions. (P = Preserved integrity, L = loss of integrity).

«CLG—> |
l «CLC—
AXoxi (%) 1.5 kW, CLG unit
Solid T(°C) | 0-25 0-100 75-100 | Lifetime (h) Ref
850 P P P
T Fetoal 900 p p P 900 [21]
3 950 P P
S P P
o
S Fe20Al P P 350 [17]
£ P
(%]
o P
)
Fe25Al P 100 [21]
P

Less reducing atmosphere —

- An increase in the operating temperature results in a higher rate of
degradation of the oxygen carrier particles. This negative influence is
particularly important in very reducing operating conditions, typical
of the CLG process, and is aggravated when working with low de-
grees of solids conversion variation.

Table 2 also shows the oxygen carrier lifetimes determined based on
measured attrition rates in a 1.5 kWy, prototype. For CLG operating
conditions, the oxygen carrier lifetime decreased as the Fe;O3 content in
the particles increased. Lifetimes of 900, 350, and 100 h were found for
the oxygen carriers with 10 wt%, 20 wt%, and 25 wt% of iron oxide,
respectively. Therefore, it is concluded that the evolution of the me-
chanical stability of the solid particles determined in the tests carried out
in a TGA is directly related to the lifetime inferred through the attrition
rate measured in the operation of a CLG prototype. Thus, the Fe25A1
oxygen carrier, which had a lifetime of 100 h in a 1.5 kWy, CLG
continuous unit, only preserved its mechanical stability when

performing redox cycles in the TGA in the solid conversion range AX; =
75-100 % or performing complete conversion cycles but at low tem-
perature (850 °C). In contrast, the Fe10Al oxygen carrier preserved its
mechanical stability in most experiments carried out in TGA, except the
one conducted at 950 °C with a solid conversion variation from AXg =
0-25 %. This result is related to the 900 h lifetime obtained in the
continuous unit, which corresponded to the longest lifetime found
among the three oxygen carriers. Therefore, the method used in this
work was perfectly capable of anticipating the oxygen carrier lifetime in
continuous units by performing redox cycles in TGA.

There is no information available on the effect of operating tem-
perature on the mechanical stability of oxygen carrier particles in pro-
totypes. However, previous tests on CLG prototypes have shown that
increasing the temperature improved gasification parameters such as
fuel conversion, carbon conversion efficiency, cold gas efficiency, and
tar reduction. Therefore, taking into account that in this work it has been
found that an increase in the temperature of operation resulted in a
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higher rate of degradation of the oxygen carrier particles, the optimal
working temperature will be a compromise between the costs of
renewing the solid at the end of its useful life and the improvement of
the parameters of the CLG process.

5. Conclusions

Long-term tests, consisting of 300 redox cycles, were carried in a
TGA to study the effect of solid conversion variation and oxidation state
after redox cycles, Fe;O3 content, and reacting temperature on the
behavior of Fe-based oxygen carrier particles (FexO3/Al,O3). The
microstructure of the oxygen carrier particles generated in these tests
was analyzed by SEM to obtain information on the effect of the operating
conditions on the mechanical stability of the samples. The following
conclusions were drawn:

- The solid conversion variation and degree of reduction/oxidation
during redox cycles strongly influenced the evolution of the me-
chanical stability of the oxygen carrier particles. The mechanical
integrity of the particles was preserved for a longer time as the solids
conversion variation decreased under typical CLC operating condi-
tions, and as the solids conversion variation increased under typical
CLG operating conditions.

The Fe;0O3 content in the oxygen carrier had a significant impact on
the preservation of the mechanical integrity of the particles when
operating under CLG conditions. The lower the Fe;O3 content in the
particles, the greater their stability in redox cycles.

An increase in the reaction temperature led to a more rapid degra-
dation of the oxygen carrier particles. This negative influence was
aggravated when operating under very reducing operating condi-
tions and with low solids conversion variations.

The oxygen carrier characterization method used in this study was
able to predict the evolution of the mechanical integrity of the ox-
ygen carrier particles observed in CLG prototypes that operate with
continuous fuel supply. Thus, this study provides a straightforward
method to identify promising Fe303/Al>03 oxygen carriers for use in
CLG units, as well as to determine the best operating conditions to
preserve the mechanical integrity of the oxygen carrier particles
without the need for costly prototype testing.
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ABSTRACT: A major challenge in biomass chemical looping it A i BCLG TYETe S iow tost
gasification (BCLG) is the conversion of CH, and light

hydrocarbons to syngas (CO + H,) when the goal is the use for HpLrels: COH, fﬁ
bioliquid fuel production. In this work, tests were performed in a -7~ f- 5 ) R

70 B Tierga
W MnGB
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batch fluidized bed reactor to determine the catalytic effect on the
CH, reforming reaction of oxygen carriers used in the BCLG
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process. Three ores (ilmenite, MnGB, and Tierga), one waste (LD )
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T

slag), and five synthetic materials (FelOAl, Fe20Al, Fe2SAl,
Cul4Al, and Nil8Al) were analyzed. These results were compared
to those obtained during ~300 h of continuous biomass TEY FErT P )

gasification operation in a 1.5 kW, BCLG unit. The low-cost H,0 and/or CO,

materials (ores and waste) did not show any catalytic effect in the

CH, reforming reaction, and as a consequence, the CH, concentration values measured in the syngas produced in the continuous
prototype were high. The synthetic oxygen carriers showed a catalytic effect in the CH, reforming reaction, increasing this effect with
increasing temperature. With the exception of the Ni-based oxygen carrier (used as a reference), the Cu-based oxygen carrier,
working at 940 °C, showed the best catalytic properties, in good agreement with the low CH, concentration values measured in the
syngas generated in the continuous unit. The tests performed in a batch fluidized bed reactor were demonstrated to be very useful in
determining the catalytic capacity of oxygen carriers in the CH, reforming reaction. This fact is highly relevant when a syngas with a
low CH, content is desired as a final product.

1. INTRODUCTION chemicals [dimethyl ether (DME), methyl tert-butyl ether
The International Energy Agency (IEA) Outlook of 2021 sets (MTBE), acetic acid, gasoline, etc.].

an increase of the biofuel demand of almost 3 times for 2050 in The main barrier of gasification processes is the energy
the net zero emission (NZE) scenario." The IEA indicates that source required for the endothermic gasification reactions. In
the development of biofuels is a key issue for the decarbon- one-step conventional gasification, energy could be supplied
ization of the transport sector, especially for heavy trucks and using an external energy input or burning part of the fuel.

aviation. Unfortunately, most of the biofuel demand is
currently satisfied by conventional biofuels produced from
food crop feedstocks, commonly referred to as first-generation

biofuels, and include sugar cane ethanol, starch-based ethanol, i ) ]
fatty acid methyl ester (FAME), pure vegetable oil (SVO), and bed (DFB) gasification solves these problems using two

Gasification with air or oxygen has the disadvantages of
producing a low-quality syngas by N, dilution or the use of a
costly air separation unit (ASU), respectively. Dual fluidized

hydrotreated vegetable oil (HVO) produced from palm, interconnected fluidized beds. In this technology, heat required
rapeseed, or soybean oil.' In contrast, IEA expects that 90% for endothermic gasification reactions is generated in a second
of the biofuel demand in 2050 NZE will be covered with reactor and transported by an inert solid (commonly silica
advanced biofuels that do not compete with food for sand) to the gasification reactor. The main problem of DFB

agricultural land and do not negatively affect sustainability.
Thus, the production of syngas (CO and H,) through
gasification processes from biomass forestry residues or agro-

gasification is that heat generation is carried out by the

industrial wastes is an interesting way to produce advanced Special Issue: 2022 Pioneers in Energy Research: S giies
biofuels and other products. According to Sikarwar et al.,” Anders Lyngfelt

there are many routes already developed to transform the raw Received: March 11, 2022

syngas into biofuels [Fischer—Tropsch (F—T) diesel or Revised:  May 13, 2022

gasoline] or chemicals (ammonia, alcohols, ethanol, methanol, Published: May 27, 2022

etc.), which could be directly used or converted into other

© 2022 The Authors. Published b
Ameericl;n %ﬁemlilcaissgcietz https://doi.org/10.1021/acs.energyfuels.2c00705

W ACS Pu bl ications 9460 Energy Fuels 2022, 36, 9460—9469



Energy & Fuels

pubs.acs.org/EF

combustion of a part of the fuel (usually char), emitting CO,
to the atmosphere.

In this sense, biomass chemical looping gasification (BCLG)
is a novel technology that permits biomass gasification without
an external power supply and, ideally, without CO, emissions
into the atmosphere. In BCLG, a solid oxygen carrier is used to
transport oxygen and heat between two interconnected
reactors (see Figure 1). In the fuel reactor (FR), the biomass

F High purity syngas

Diesel
Gasoline
Methanol
Ethanol
DME, MTBE
Chemicals

Pure N2

MEXOy

FR

AH>0

MEXOV-l

Steam Biomass

Figure 1. Scheme of the BCLG process.

is gasified and the oxygen carrier is reduced by its contact with
the gases generated by devolatilization and gasification of the
biomass. In the air reactor (AR), the oxygen carrier is
regenerated with air, producing heat, owing to the exothermic
nature of the oxygen carrier oxidation reaction. This heat is
transported from the AR to the FR by the oxygen carrier,
supplying the energy required for gasification reactions. Thus, a
N,-free syngas stream is generated in the FR. Other advantages
of BCLG over conventional gasification include lower tar
production and reduced costs related to carbon capture
because most of CO, is generated in the FR. The FR outlet
stream is sent to a cleaning step to remove impurities, such as
tars, alkali, nitrogen compounds, and particulate matter (char
and ash), because they could cause major problems in
downstream processes. The syngas cleaning strategies used in
this step are strongly related to the final applications of the
syngas, and factors such as the nature of the biomass used
should be integrated here.’

The selection of the oxygen carrier is one of the most
studied topics in chemical looping processes. Although a wide
range of oxygen carriers have been previously investigated for
chemical looping combustion (CLC),*""* the current
challenge is to develop suitable oxygen carriers for BCLG,
where lifetime is reduced with respect to CLC.'*"* In addition
to lifetime, another challenge in BCLG that requires further
study is the conversion of CH, and light hydrocarbons to
syngas to be used in F—T processes.

Several ores and wastes have been tested as oxygen carrier
candidates in continuous operating CLG units as a result of
their low costs. Lifetimes between 160 and 630 h have been
reported.'*'>'® In addition, high amounts of CH, (5—15 vol
%) and light hydrocarbons, such as C,H4 and C3Hg (0.1-3.7
vol %), appeared in the syngas.'”'>~'® Despite their higher
costs, synthetic materials have also been proposed to improve
some properties, such as lifetime.'*'”~*" Our research group at
ICB—CSIC has developed several Fe—Al oxygen carriers with
the aim of extending their lifetime.”’ Lifetime enhancement

9461

from 100 to 900 h was achieved by decreasing the Fe content
from 25 to 10 wt % (quantified as Fe,0;). However, significant
amounts of CH, and lesser amounts of C,—C; were observed
in the syngas obtained under all experimental conditions and
with all oxygen carriers tested.

Although C,—C; compounds have high low heating values
(LHVs) and are suitable when the syngas is used directly as a
fuel (i.e., for a gas turbine), their conversion into H, and CO is
desirable for the production of liquid fuels (i.e., via F—T
processes). Unfortunately, under typical gasification condi-
tions, commonly used oxygen carriers are more reactive with
H, or CO than with CH4;22 therefore, the reduction of the
oxygen carrier will probably take place with the oxidization of
H, and CO rather than CH,. This means that the best option
to decrease the amount of CH, in the syngas is to reform it
with steam or CO, to produce H, and CO. A common way to
reduce the amount of CH, has been to increase the FR
temperature.' #7723 * It js also well-known that some
oxygen carriers have a catalytic effect on the CH, reforming
reaction. Ge et al.'® found that CH, decreased from ~8 to ~4
vol % with an increasing hematite content from 40 to 60% on
the bed material, a mix of hematite and silica sand. Similarly,
our research group found a decrease in the CH, content from
4.4 to 3.0 mol/kg of dry biomass fed, when the iron content in
the oxygen carrier increased from 10 to 25%.”" Other authors
added nickel to the oxygen carrier,”””" as a result of its high
reactivity with CH,, to increase syngas generation. Nonethe-
less, the use of nickel is not recommended here as a result of its
high cost and toxicity.

In this work, the CH, catalytic reforming capacity of
different oxygen carriers was determined under typical BCLG
conditions in a batch fluidized bed reactor, and the results were
used to interpret the CH, concentrations measured in a
continuously operating BCLG unit in different operating
conditions. The ultimate goal is to establish a simple
experimental method to facilitate the selection of suitable
oxygen carriers for continuously BCLG operating units without
the need of conducting costly tests on continuous operating
units.

2. EXPERIMENTAL SECTION

2.1. Oxygen Carriers. Nine oxygen carriers have been used in this
work: three ores, one waste, and five synthetic materials. Eight of
these materials have been previously used as oxygen carriers in a 1.5
kWy, continuous unit operating under BCLG conditions. Additionally,
a synthetic oxygen carrier based on Ni, previously developed for CLC,
has also been included. This oxygen carrier has been considered as a
reference material as a result of its well-known catalytic properties
with respect to CH, reforming.

Low-cost materials included a Norwegian ilmenite from Titania A/
S, a Spanish iron ore (Tierga), a Gabon manganese ore (MnGB), and
a waste obtained in the steel industry (LD slag), which was supplied
by SSAB Merox (Sweden). Synthetic materials were prepared by the
incipient wetness impregnation method using alumina as a support
and different metal oxides.”"”*® These oxygen carriers were based on
iron with different weight contents in metal oxide (FelOAl, Fe20Al,
and Fe25Al), copper (Cul4Al), and nickel (Nil8Al). Table 1 shows
the main physical and chemical properties of oxygen carriers. The
particle size of the oxygen carrier particles was determined in a
Beckman Coulter LS13320 device. Density was measured in
Micromeritics ACCUPYC II equipment. The porosity was
determined by mercury porosimetry in a Micromeritics AUTOPORE
V. The crushing strength was evaluated in a force gauge SHIMPO
FGE-SX device. X-ray diffraction (XRD) analyses were carried out in
a Bruker D8 Advance A25 diffractometer. Oxygen transport capacity,

https://doi.org/10.1021/acs.energyfuels.2c00705
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Table 1. Main Physical and Chemical Properties of Fresh Oxygen Carriers
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2500
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2764
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4.1

1.5 1.6 1.5
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3.7

1.8

5.8

(N)
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R, was obtained in a thermobalance (TGA CI Electronics) using a
mixture of 15 vol % H, + 20 vol % H,O as a reducing agent (N,
balance) and air for oxidation following the procedure described in ref
27.

2.2. Batch Fluidized Bed Reactor. Tests to determine the
catalytic effect of the oxygen carriers on methane conversion were
carried out in a batch fluidized bed reactor facility described
elsewhere.”® It consisted of a gas feeding system, a Kanthal-
manufactured fluidized bed reactor, a two-way system to recover
elutriated solids from the fluidized bed, and a gas analysis system. The
gas feeding system had several mass flow controllers for specific gases.
The fluidized bed reactor had an inner diameter of 0.054 m and 0.5 m
height, with a 0.3 m preheat zone just below the distributor and was
located inside an electrically heated furnace. The temperature in the
fluidized bed was measured using a K-type thermocouple. A total of
300 g of each oxygen carrier was loaded in the fluidized bed reactor
and heated under a N, atmosphere. After the set temperature was
reached, N, was replaced by a synthetic gas (285 Ly/h) composed of
H,0, CO,, CO, and H,. When the oxygen carrier was reduced and
the steady state was reached, a flow of 15 Ly/h of CH, was fed to
obtain a syngas composition similar to that obtained during the
BCLG operation (35 vol % H,0, 22 vol % CO,, 15 vol % CO, 23 vol
% H,, and S vol % CH,). The gas composition obtained at the outlet
of the batch reactor was continuously monitored in several online gas
analyzers. The evolution of the CH, concentration over time was
determined in a Siemens Ultramat 23 analyzer. Several tests were
performed with each of the oxygen carriers to determine the amount
of CH, converted over total CH, fed at three different temperatures
(820, 880, and 940 °C). The tests were repeated at least twice for
each condition. Additional experiments were carried out at each
temperature using sand as bed material to differentiate the catalytic
effect of the oxygen carrier from the non-catalytic methane reforming
reaction.

Methane reforming includes both the reaction with steam and CO,,
and the water—gas shift reaction was also considered.

CH, + H,0 —» CO + 3H, (AH, = 206.1kJ/mol) (1)
CH, + CO, - 2CO + 2H, (AH, = 247.3 kJ/mol) (2)
CO + H,0 & CO, + H, (AH,= —41kJ/mol) (3)

An example of the flue gas composition profile (dry basis) is shown in
Figure 2. During the first few minutes, no compounds were detected
because N, was the only gas introduced. After the introduction of the
synthetic gas, the reducing gases (CO and H,) reacted with the
oxygen carrier, generating a CO, peak as a result of the oxidized state
of the solid at the beginning. When the gas concentrations stabilized
and steady state was reached, CH, was fed. At that time, the CO,
concentration decreased as a consequence of the dilution caused by
the addition of the 15 Ly/h of CH, and the CH, dry reforming. In
contrast, the dilution effect of CH, on CO and H, was partially offset
by the generation of both gases caused by CH, reforming. It has to be
kept in mind that each mole of methane produces 4 mol of CO and
H, by reforming.

After the first test (performed at 820 °C), the flow of CH, was
stopped and the temperature was increased to the new set point (880
°C). When the temperature was reached and gas concentrations were
stabilized, CH, was fed again. In this case, lower CH, concentrations
were detected with respect to the previous test, indicating that the
CH, conversion was higher at 880 °C than at 820 °C. The same
process was repeated at 940 °C, again observing an increase in the
CH, reforming reaction with increasing temperature.

The CH, conversion, Xy, (%), was calculated as the molar flow of
converted methane over the total methane fed (eq 1).

FCH4,in - FCH4,out
— X 100

Xen, =
* FCH4,in (4)

In addition to the effect on the reforming reaction, the increase in the
temperature also had an effect on the gas composition as a result of

https://doi.org/10.1021/acs.energyfuels.2c00705
Energy Fuels 2022, 36, 9460—9469
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Figure 2. Typical gas composition profile for tests with the oxygen carrier Cul4Al
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Figure 3. XRD profiles in reduced samples of the (a) low-cost materials and (b) synthetic oxygen carriers used in the batch fluidized bed.

the water—gas shift reaction, shifting the equilibrium toward the
production of CO and H,O and promoting a decrease in the CO, and
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H, concentrations. This effect was clearly seen in the gas
compositions obtained when no CH, was fed.

https://doi.org/10.1021/acs.energyfuels.2c00705
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3. RESULTS

Tests were performed in the batch fluidized bed reactor to
determine the catalytic effect on the CH, reforming reaction of
oxygen carriers under typical conditions corresponding to
BCLG operation. The results were compared to those obtained
during continuous operation in a 1.5 kWy, BCLG unit located
at ICB—CSIC. These data corresponded to ~300 h of biomass
gasification, where the effect of the main operation conditions,
such as the FR temperature, oxygen/fuel ratio, 4, and steam/
biomass ratio, S/B, was analyzed.

3.1. Material Characterization by XRD. The catalytic
effect of the oxygen carrier on the CH, reforming reaction
depends upon not only the metal considered and its
distribution over the internal surface of the oxygen carrier
but also the oxidation state of the metal existing under BCLG
conditions. This was the reason for carrying out the tests in the
batch fluidized bed with a gas composition similar to that
obtained in a BCLG process working in conditions close to
autothermal operation. According to a previous work,” this
was achieved with oxygen/fuel ratios of about 0.3—0.35 for a
steam/biomass ratio of 0.6 at different temperatures.

Table 2. Main Reactions Undergone by Fresh Oxygen
Carriers until Reaching the Reduced State

oxygen carrier main reactions

ilmenite Fe,TiOg + TiO, + H,/CO — 2FeTiO; + H,0/CO,
3Fe,0; + H,/CO — 2Fe,0, + H,0/CO,

Tierga 3Fe,0; + H,/CO — 2Fe;0, + H,0/CO,
Fe;0, + H,/CO — 3FeO + H,0/CO,

MnGB Mn,0, + H,/CO — 3MnO + H,0/CO,

LD slag

FeXAl Fe,0,2AL,0; + H,/CO — 2FeALO, + H,0/CO,

Cul4Al CuO + H,/CO — Cu + H,0/CO,

Nil8Al NiO + H,/CO — Ni + H,0/CO,

Under the mentioned conditions, the oxygen carriers
reached different reduced states depending upon thermody-
namics, as seen in the XRD profiles shown in Figure 3, which
correspond to reduced samples extracted from the reactor at
the end of the tests. Table 2 shows the main reactions
undergone by fresh oxygen carriers until reaching the reduced
state. The reduction of the ilmenite ore led to the oxygen
carrier to the reduced states FeTiO; and Fe;O, A major
presence of Fe;O, and FeO could be found for reduced Tierga,
while MnO was the main reduced phase of MnGB. The
identification of species by XRD was very complex for LD slag
as a result of the high amount of compounds present in the
oxygen carrier and the overlapping of peaks. Nonetheless, FeO
was observed in the reduced sample.

Fe-based synthetic materials have been widely used as
oxygen carriers as a result of their various oxidation states,
Fe,0;—Fe;0,—FeO—Fe. Typically, the redox pair Fe,O;/
Fe;0, is considered for combustion, because further reduction
states prevent complete use of the fuel. For this reason, Fe
oxygen carriers are considered to have low oxygen transport
capacities (R, = 0.033). In gasification, the redox pair Fe;0,/
FeO in addition to Fe,0;/Fe;O, is also possible depending
upon the operating conditions. However, synthetic Fe—Al
oxygen carriers have the advantage of forming iron aluminate,
FeAL,O,,” regardless of operating conditions. Under typical

9464

gasification conditions, FeAl,O, is the only stable phase of Fe—
Al oxygen carriers, as seen in Figure 3b, and no further
reduction to Fe is possible during BCLG operation. In contrast
to Fe—Al oxygen carriers, metallic copper, Cu’, and metallic
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Figure 4. CH, conversion in the batch fluidized bed reactor for the
different oxygen carriers and temperatures.

nickel, Ni’, are the reduced species of Cul4Al and Nil8Al
materials under the above-mentioned conditions.

3.2. Study of the Oxygen Carrier Catalytic Effect.
Figure 4 shows the CH, conversion obtained with the oxygen
carriers at the three different temperatures. It was observed
that the increase in the temperature had a positive effect on the
CH, conversion for all oxygen carriers. This means that the
endothermic methane reforming reaction improved when
more energy was supplied. Therefore, when the temperature
increased, the equilibrium shifted toward the production of
CO and H,.

The use of silica sand as bed material revealed that the non-
catalytic methane reforming reaction produced CH, con-
version values from ~10 to ~18% as the temperature increased
from 820 to 940 °C. CH, conversions similar to the base case
(silica sand) were obtained when the low-cost materials
(ilmenite, Tierga, MnGB, and LD slag) were used, indicating
that no catalytic effect occurred when using either ores or
waste. In contrast, synthetic oxygen carriers exhibited higher
CH, conversions, especially at the highest temperature. As
expected, the Ni-based oxygen carrier, Nil8Al, achieved
complete methane conversion at any temperature, owing to
the ability of Ni to catalyze hydrocarbon reforming reactions.
From Rietveld refinement of the XRD pattern, 17.1 wt % of the
crystal phase corresponds to Ni’, and it can be deduced that it
is well-dispersed, because the crystal size is 56 nm. The Cu-
based oxygen carrier, Cul4Al, showed good catalytic proper-
ties, reaching high CH, conversion values, especially at 940 °C,
at which 85% of CH, was converted. A higher temperature
could increase the catalytic effect of this oxygen carrier, but
temperatures above 940 °C are not suitable as a result of
agglomeration issues. This could be explained as a result of the
reduction pathway of the oxygen carrier Cul4Al, which is
always directly reduced from CuO to Cu’, as seen in the XRD
profile (Figure 3b), and Cu’ was well-dispersed with a crystal
size of 40 nm. It is well-known that metallic copper and
metallic iron have a catalytic effect in different reactions.” ™"

https://doi.org/10.1021/acs.energyfuels.2c00705
Energy Fuels 2022, 36, 9460—9469



Energy & Fuels

pubs.acs.org/EF

Table 3. Summary of BCLG Tests Performed in the 1.5 kW, Unit, S/B ~ 0.6

gas composition (mol/kg of dry biomass)

temperature (°C) A CO, CO
ilmenite 820 0.3—-0.4 16.9-20.0 8.9-9.9
880 0.2—-0.3 16.2—-22.2 10.2—16.0
940 0.2—-0.3 16.9-21.7 11.5-16.9
Tierga 820 0.3-0.5 18.6—25.0 7.5—10.8
880 0.3-0.4 23.2-25.6 8.2—10.2
940 0.2-0.5 18.7-28.7 8.3—1S5
MnGB 820 0.2—-0.4 13.8—22.3 8.2—11.3
880 0.3-0.4 20.0—-23.8 9.7—12.2
930 0.2-0.4 16.9-23.7 11.4—15.6
LD slag 820 0.2-0.4 16.7-22.3 9.3—-13.0
880 0.2-0.5 16.9-23.8 10.0—-16.0
930 0.2—-0.4 15.4-28.5 11.9-20.3
FelOAl 820 0.2 18.7 10.1
880 0.3 20.4 11.3
940 0.2-0.4 16.3—-24.1 11.6—16.4
Fe20Al 820 0.3-0.5 18.8—24.1 6.2—9.0
880 0.2—-0.4 16.6—24.2 10.4—-12
940 0.2—0.6 16.3-30.9 7.7-15.6
Fe25Al 820 0.3 19.5 11.2
880 0.3 20.4 14.9
940 0.2-0.4 16.0-22.9 14.7—-18.1
Cul4Al 820 0.3 12.6 12.3
880 0.3 14.1 14.5
940 0.3-0.4 17.1-18.0 17.7-19.6
Nil8Al 820 0.3 28.7 23.1
880 0.3 28.5 24.2
940 0.3 28.3 25.9

H, CH, C,—C; reference
11.7-11.8 5.4-6.6 1.8-1.9 13
13.8—-23.0 5.5-6.2 1.1-1.5
13.1-23.9 54-6.0 1.1-1.8

8.4—14.8 44-5.4 0.9-1.2 IN
11.5-14.8 4.9-5.7 0.8—1.0

9.0-20.4 4.5-5.3 0.8—1.0
11.1-18.9 4.3-4.7 12-13 15
12.1-17.8 4.4-5.1 0.9-1.0
10.8-23.0 4.7-5.0 0.6—1.0
15.0-23.2 4.3-4.7 12-14 16
12.9-25.4 4.4-5.1 0.3—-1.0
10.0-26.7 4.7-5.3 0.3-1.1

21.4 4.5 0.4 21

20.8 4.3 0.4
16.5-26.8 3.9-49 0.1-0.3
13.7-21.9 4.0—4.5 0.8—0.9 14
18.5-24.5 4.5-4.9 0.5-0.6
12.3-26.5 3.9-4.8 0.2—-0.4

22.9 3.6 0.5 21

28.5 3.5 0.2
20.9-28.5 2.6—3.2 0.1

274 4.0 0.4 article in preparation

27.6 32 0.3
25.9-31.3 1.9-2.3 0

47.2 0.9 0 this work
46.1 0.8 0
45.1 0.7 0

Although it was not thermodynamically possible to achieve
metallic iron under the above conditions, the catalytic effect of
the Fe2SAl oxygen carrier was also important, reaching ~60%
of CH, conversion at 940 °C. The other Fe-based synthetic
materials with a lower Fe content, Fe10Al and Fe20Al, showed
a lower catalytic effect (~40% conversion of CH, at 940 °C)
than Fe25Al in the reforming reaction. The XRD analysis and
further quantification of the Fe-based synthetic oxygen carriers,
FelOAl, Fe20Al, and Fe25Al, showed that the only Fe-
containing crystal phase was FeAl,O,. No metallic iron was
detected (by thermodynamic restrictions at BCLG condi-
tions), and lower catalytic activity was expected as a result of
this fact. The FeAl,O, crystal phase content was 4.8, 10.6, and
43 wt % for FelOAl, Fe20Al, and Fe25Al, respectively, with
crystal sizes of S, 15, and 23 nm, respectively. The CH,
conversion capacity was quite similar for both FelOAl and
Fe20Al oxygen carriers, with lower phase content, and
significantly higher for the Fe2SAl oxygen carrier, indicating
that the possible catalytic effect of the FeAl,O, phase would be
more attributable to the phase content than to the dispersion.
However, the CH, conversion capacity was lower than that of
Cul4A], in which metallic copper was found.

Metallic Fe was never found for ilmenite and LD slag under
the conditions mentioned above. Similarly, Tierga iron ore was
reduced to Fe;O, and FeO, under typical gasification
conditions existing in BCLG processes (see Figure 3a).
Further reduction to Fe® would only be possible in the
presence of a higher concentration of reducing gases, but these
conditions are not possible in the BCLG autothermal
operation. The non-formation of metallic Fe and the low
activity of the crystal phases in the reduced samples as a result
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of the low dispersion as the crystal size being higher than 100
nm seem to be responsible for the fact that low-cost materials
have a negligible catalytic effect in the CH, reforming reaction.

3.3. CH, Concentrations Measured in a 1.5 kW, Unit
Operating under BCLG Conditions. The ICB—CSIC
research group tested the behavior of the aforementioned
oxygen carriers, with the exception of the Ni-based oxygen
carrier, during continuous operation in a 1.5 kWy, unit under
BCLG conditions. The unit consisted of two bubbling
interconnected fluidized beds, FR and AR, with the oxygen
carrier circulating between them. The solid circulation rate was
perfectly controlled by means of a solid valve. Biomass was fed
to the FR by means of a double screw-feeder system. The
reduced solids from the FR were sent to the AR where they
were oxidized and returned to the FR to start a new cycle. A
more detailed description of the installation can be found
elsewhere.”

Main operating parameters, such as the oxygen/fuel ratio,
steam/biomass ratio, and temperature, were studied for each
oxygen carrier. With each solid, about 50 h of hot solid
circulation and 35 h of biomass gasification were performed.
The lattice oxygen provided by the oxygen carrier to produce
syngas in the FR was controlled by limiting the air feed in the
AR. This method allowed for a smooth operation, keeping the
fluid dynamic properties of the system constant under different
operating conditions. A more detailed description of operation
can be found elsewhere.'>"*

The conclusions derived from those tests on the effect of
operating conditions on CH, conversion were the following:
(1) Methane appeared at the FR outlet in all operating
conditions and for all oxygen carriers and biomasses used.

https://doi.org/10.1021/acs.energyfuels.2c00705
Energy Fuels 2022, 36, 9460—9469
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Figure 5. Comparison of CH, (dark color) and C,—C; (light color) contents in the syngas obtained in the 1.5 kWy, unit for the different oxygen

carriers (S/B ~ 0.6, and 1 ~ 0.3).

Methane concentration values from 3 to 10 vol % (dry basis)
were found. This fact has also been observed by other authors
who operated BCLG continuous units, independent the unit
and method used to control the oxygen/biomass ratio."”~"*
(2) The oxygen/biomass and the steam/biomass ratios slightly
affected the CH, concentration obtained at the FR outlet for a
given oxygen carrier."” (3) The oxygen carrier was the issue
that most affected the CH, concentration, in addition to the
operating temperature. A summary of the experiments carried
out in the 1.5 kWy, BCLG unit is shown in Table 3.

Although Ni is toxic and should not be used with solid fuels,
three tests with the Ni-based oxygen carrier were performed
for comparison purposes in the continuous unit. The operating
conditions were similar to those previously used with the other
oxygen carriers. The main results are included in Table 3.

Figure S shows the CH, and C,—C; concentrations (in
moles per kilogram of dry biomass) obtained for the different
oxygen carriers at three temperatures (820, 880, and 930—940
°C), an oxygen/fuel ratio, 4, of ~0.3, and a steam/biomass
ratio, S/B, of ~0.6.

At ~820 °C, high amounts of CH, were obtained for most
of the oxygen carriers. The ilmenite and Tierga iron ore
produced the highest CH, concentrations, reaching values
above 5.0 mol/kg of dry biomass. When the temperature
increased, two different behaviors were found. The CH,
concentration remained constant with the temperature for
low-cost oxygen carriers (ilmenite, Tierga, MnGB, and LD
slag) and FelOAl and Fe20Al synthetic oxygen carriers. On the
contrary, the CH, concentration decreased for the Fe25Al and
Cul4Al synthetic oxygen carriers. Excluding the Nil8Al
oxygen carrier, the lowest values of the CH, concentration
were obtained using Cul4Al, which exhibited a decrease in the
CH, content from 4.0 mol/kg of dry biomass at 820 °C to 2.3
mol/kg of dry biomass at 940 °C.

It is noteworthy that some CH, appeared when Nil8Al was
used as an oxygen carrier, even at the highest temperature of
940 °C, with values of ~0.8 mol/kg of dry biomass. This result
is remarkable considering the good catalytic properties of this
material, as confirmed by the tests carried out in the batch
fluidized bed, where a complete conversion of CH, was

9466

obtained at the three temperatures tested. The presence of
CH, at the FR outlet would indicate that not only are the
catalytic properties of the material used as the oxygen carrier
relevant but also the hydrodynamic conditions existing in the
reactor. In this case, a poor contact between the oxygen carrier
and part of CH, generated during biomass devolatization could
occur during the experiments carried out in the continuous
unit. Therefore, all of the methane concentrations obtained in
a continuous operation unit could be reduced if the design of
the FR is adapted to improve the contact between the oxygen
carrier and the gases generated during biomass gasification. In
fact, there are already innovative proposals developed to
improve the solid—gas contact in the FR.*

In the same way as for CH,, light hydrocarbons were
generated in different amounts depending upon the gasification
conditions. In fact, the amounts of C,Hy and C;H; were clearly
related to the CH, content, with C,Hs and C;H; being
converted into other compounds (CO, H,, CH,, etc.) when
CH, was also converted into CO and H,.

2.0
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1.8 | W Tierga |- e
= MnGB

= 16 0
3 | Fel0Al L]
g 14 Fe20Al |~ @@ AT
B 4o || MFe2sAl | &
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Soqo || mNBAL | 2 A
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S 08 || 0880°C |-ormoooee L -
= Ag40°C N
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& °
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Figure 6. Relationship between the amounts of CH, and C,—C;
generated during continuous operation in the 1.5 kW, BCLG unit (4
~ 0.3, S/B ~ 0.6, and T = 820—940 °C).
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Figure 6 shows the relationship between the amount of light
hydrocarbons and CH, produced in the gasification tests
performed in the 1.5 kWy, unit. As observed, when low values
of CH, were obtained (0.7—3.5 mol/kg of dry biomass), low
contents of C,—C5 also appeared [<0.5 mol/kg dry biomass
(db)]. In contrast, when CH, was hardly reformed (values up
to ~4.0 mol/kg db), light hydrocarbons appeared in a wide
range of quantities (0.6—1.9 mol/kg db), with their reforming
being conditioned to the rest of operating parameters, such as
the temperature. Thus, when oxygen carriers with a high
catalytic effect on CH, reforming were used, ie., Cul4A]
Fe25A], and Nil8A] low values of light hydrocarbons were
obtained. Meanwhile, with oxygen carriers with little or no
effect on CH, reforming, as was the case with low-cost
materials, the amounts of C, and C; were greater and their
reforming depended more upon the operating conditions.

3.4. Comparison of the Results Obtained in the Batch
Reactor and in the 1.5 kW, Unit. Excluding the effect of
hydrodynamic conditions affecting the CH, conversion during

100 S
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Figure 7. Relationship between CH, conversion obtained in batch
tests and CH, content obtained during operation in the 1.5 kWy,
continuous unit (S/B ~ 0.6, 4 ~ 0.3, and T = 820—940 °C).

operation in a continuous unit, it seems clear that the catalytic
effect of oxygen carriers was the major issue affecting the CH,
content of the syngas. Figure 7 shows the relationship between
the CH, conversion obtained in the batch fluidized bed tests
with the different oxygen carriers and the CH, concentration
obtained during operation in the 1.5 kWy, BCLG unit.

It was observed that the oxygen carriers exhibiting high
catalytic capacity in the batch fluidized bed reactor (Nil8Al
Cul4Al, and Fe2S5Al) were also the oxygen carriers that
presented the lowest concentrations of CH,, in the continuous
unit. Furthermore, an increase in the temperature promoted
the catalytic effect of these oxygen carriers, as seen in Figure 7.
The remaining oxygen carriers, except for Fe20Al and Fel0OAl,
which showed some catalytic effect at the highest temperatures
tested, were not good catalysts for the CH,, reforming reaction.
These oxygen carriers acted only as inert bed material in both
the batch fluidized bed and the continuous unit, and therefore,
high concentrations of CH, were obtained in the continuous
operating unit.

In conclusion, although the results obtained may be slightly
affected by the behavior of the reactor as a result of variations
in the solid—gas contact, tests in a batch fluidized bed reactor
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can be very useful to determine the catalytic capacity of an
oxygen carrier in the CH, reforming reaction, avoiding the
need to perform costly tests on continuously operating units.
This is important when syngas with a very low CH, content is
needed, as is the case of the syngas used for the production of
liquid fuels by the F=T process.

4. CONCLUSION

The CH, catalytic reforming capacity of different oxygen
carriers was tested under typical BCLG conditions in a batch
fluidized bed reactor, and the results obtained were used to
interpret the CH, concentrations measured in a continuous
BCLG prototype working under different operating conditions.
Three ores (ilmenite, MnGB, and Tierga), a waste (LD slag),
and five synthetic materials (Fel0Al, Fe20Al, Fe2SAl, CulSAl,
and Nil8Al) were analyzed. The following was found: (1) The
low-cost materials (ores and waste) did not show any catalytic
effect on the CH, reforming reaction, and as a consequence,
the CH, concentration values measured in the syngas
produced in the continuous prototype were high. (2) The
synthetic oxygen carriers showed a catalytic effect in the CH,
reforming reaction, increasing this effect with an increasing
temperature. The catalytic effect was low with the Fel0Al and
the Fe20Al oxygen carriers and improved with the Fe2SAl
oxygen carrier. With the exception of the Ni-based oxygen
carrier (used as a reference), the Cu-based oxygen carrier,
Cul4Al, showed the best catalytic properties, reaching high
CH, conversion values, especially at 940 °C, where 85% of
CH, was converted to CO and H,. With this oxygen carrier,
low values of the CH, concentration were measured in the
syngas generated in the continuous unit, especially when the
unit operated at 940 °C. (3) Tests in a batch fluidized bed
reactor have been demonstrated to be very useful to determine
the catalytic capacity of an oxygen carrier in the CH, reforming
reaction. Knowledge of this catalytic capacity provides
information on great relevance to estimate the amount of
CH, in the syngas generated during the operation of pilot
plants, without the need to carry out expensive experimental
tests in these units. This fact is important when syngas with a
very low CH, content is needed, as is the case with the syngas
used for the production of liquid fuels by the F—T process.
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ABSTRACT: One of the main advantages of chemical looping
gasification (CLG) in comparison to conventional gasification
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CLG process, which can facilitate tar oxidation, cracking, and
reforming reactions under specific operating conditions. Further- et

more, this catalytic effect can be harnessed to convert hydro- /xovlallles . ( )
carbons (C,—C,), thereby increasing syngas production during the 4 ’
process. In this study, the catalytic activity of eight different oxygen
carriers (two ores, two wastes, and four synthetic materials) was
examined in a batch fluidized bed reactor. The reactions were
mainly conducted at three temperatures (850, 900, and 950 °C), utilizing benzene and ethylene as model compounds. The results
revealed that the ores and wastes exhibited a low catalytic effect over benzene and ethylene conversion at low temperatures, although
this effect was increased with a rising temperature. Conversely, the synthetic materials demonstrated higher catalytic activity in the
benzene and ethylene conversion reactions, which also increased with higher temperatures. It should be noted that the Cu/Al oxygen
carrier achieved nearly complete conversion of benzene and ethylene at temperatures exceeding 900 °C. Methane production was
observed in most of the experiments, indicating its role as an intermediate in the conversion of tar byproducts. Additionally, the Cu/
Al oxygen carrier exhibited a promising catalytic performance in methane conversion. These findings highlight the potential of
certain synthetic oxygen carriers, such as the Cu/Al oxygen carrier, to serve as effective catalysts for the removal of tar byproducts
and light hydrocarbons during CLG processes.
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1. INTRODUCTION

Biomass chemical looping gasification (BCLG) has emerged in

Chemical looping technologies, especially chemical looping
combustion (CLC), have been intensively studied in the past
20 years.3 For this reason, in the literature, a wide range of
oxygen carriers were proposed for CLC, and many of them
have been tested in continuous operation units.” There are also
several studies about oxygen carrier development for the

recent years as a promising energy conversion technology that
enables the production of renewable syngas. BCLG is
performed in two interconnected fluidized bed reactors: an

air reactor (AR), where oxidation of an oxygen carrier takes
place, and a fuel reactor (FR), where fuel conversion occurs.
The solid oxygen carrier is used as bed material to transport
oxygen between reactors, being oxidized and reduced in the
separate reactors.' Since the oxygen carrier transfers only
oxygen from the air reactor to the fuel reactor, N, dilution of
syngas, which is typical of conventional gasification processes,
and the need for expensive pure gaseous O, are avoided. In
addition, CO, generated in biomass gasification is concen-
trated in the fuel reactor. This can lead to negative carbon
emissions if the CO, is separated from the syngas and sent for
storage. The syngas generated in the gasification process has
many possible uses, ranging from a direct utilization in a gas
turbine to further processing steps to obtain valuable products
like chemicals or liquid biofuels.”

© 2023 American Chemical Society

- ACS Publications

BCLG process, but in this case, only a few of them have been
carried out in continuous operation units ranging from 1.5 to
25 kWth.S_16 Investigation in continuous operation units is
important since the high reducing environment in BCLG may
cause agglomeration or defluidization of the oxygen carrier
bed, or decreased reactivity of the oxygen carrier itself.'”"®
Apart from investigations of oxygen carrier performance, recent
studies on BCLG have addressed the effort to improve syngas

Received: July 24, 2023 SRy

Revised:  September 26, 2023
Published: October 11, 2023

tising Stars

https://doi.org/10.1021/acs.energyfuels.3c02750
Energy Fuels 2023, 37, 1662916638



Energy & Fuels

pubs.acs.org/EF

yield and gas quality through reformin§ of the generated
hydrocarbons and removal of pollutants.”~>* The removal of
tars is necessary, as they can cause issues like catalyst
deactivation, corrosion, and plugging of pipelines.”””* More-
over, some tar substances are harmful for health and
environment.””

There are various definitions of tar in the scientific
community. According to Devi et al,”* tar consists of
condensable hydrocarbons from single to S-aromatic rings,
oxygen-containing compounds, and complex polycyclic
aromatic hydrocarbons (PAHs). Meanwhile, Torres et al.”®
stated that tars roughly comprise organic compounds produced
from thermal decomposition from biomass or organic
materials, as well as from partial oxidation of fuels. Since tar
may have a complex composition, its structure is determined
by multiple factors, such as the properties of fuel used and the
operating temperature of the gasifier.”*”’ The latter
determines which tar compounds would be formed, as different
compounds have different dew points; see Figure 1.

Mixed __ Phenolic__~  Alkyl Heterocyclic __ [ Targer
Oxygenates Ethers Phenolics Ethers PAH
400 °C 500 °C 600 °C 700 °C 800 °C 900 °C

Figure 1. Tar maturation as a function of the dew point. Adapted
from Elliot.”®

Figure 1 shows that most aromatic tar compounds are
formed at temperatures higher than 800 °C, which are the
typical temperatures in BCLG. Previous studies reported that
naphthalene, anthracene, biphenyl, phenanthrene, acenaph-
thylene, and benzene are the most common compounds
formed in such process.””'°"'* In general, aromatic tar
compounds have high stability and are difficult to break
down into lighter products without using catalysts. Beyond
widely known high-temperature tar cracking,”” hot catalytic tar
removal has been highlighted as a promising strateggy since it
can be performed in the first steps of gasification.””*" This
would be effective as a method to avoid problems in
downstream processes, corrosion in the unit, and fouling and

plugging of the pipelines.

Previous studies have reported tar byproduct concentrations
of ~150 g/Nm?® in biomass gasification when it was carried out
in updraft fixed or spouted beds and ~40 g/Nm® when it was
carried out in fluidized beds using inert bed material.*”
Compared to these numbers, the use of catalysts in fluidized
beds was demonstrated to reduce the content of tar byproducts
by half, with respect to the use of inert materials.””** Thus,
apart from transferring oxygen from air to fuel reactor, which
enables tar combustion, oxygen carriers in BCLG can improve
tar conversion into lighter products through catalytic
cracking.31 Although it does occur, the combustion of tar
byproducts is less likely during gasification due to the
substoichiometric conditions, which provides an oxygen carrier
in the fuel reactor that is mostly reduced with little available
lattice oxygen.6 Therefore, it is necessary to study the catalytic
properties of oxygen carriers under reduced conditions for
screening purposes prior to their use in BCLG.

Some authors have investigated the catalytic effect of oxygen
carriers using tar subrogates, such as ethylene and benzene.***°
These studies found a catalytic effect on benzene conversion
using La, Sr, and Fe in ZrO,-based oxygen carriers, but the
mentioned solids have never been used in BLCG continuous
operation due to their low mechanical stability under reducing
conditions.*® In addition, recent advances in BCLG have
shown a wide range of suitable oxygen carriers that were not
considered previously for the process. This includes synthetic
oxygen carriers, wastes, and ores.

The aim of this work was to investigate in a batch fluidized
bed reactor the catalytic activity of eight oxygen carriers on the
removal of tar byproducts under typical BCLG conditions.
Ethylene and benzene were used as substitute compounds to
emulate tar byproducts of different weights. Ethylene was used
due to the similarity of its bonds to those present in aromatic
tar byproducts.”” Benzene was chosen since it is one of the
most difficult hydrocarbons to crack, hence providing the
worst-case scenario.”> The results obtained were compared
with data available in the literature from the continuous
operation of BCLG prototypes.
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N, + CgHg
i
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generator
Reducing
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Figure 2. Schematic layout of the batch fluidized bed.
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2. MATERIALS AND METHODS

2.1. Batch Fluidized Bed Reactor. The experiments were carried
out in a quartz glass batch fluidized bed reactor (i.d., 22 mm), which
was placed inside an electrically heated furnace. The main scheme of
the system is shown in Figure 2. Further information could be found
elsewhere.*®

The temperature was measured using two K-type thermocouples
enclosed in the reactor, and the pressure drop was measured by 20-Hz
pressure transducers. Reduction and oxidation reactions taking place
in a continuous operation were emulated by feeding 1 NI/min of
reducing and oxidizing gases alternatively with an inert stage between
them to flush the reactor with nitrogen gas. The reducing gas (free of
N,) comprised 37.2 vol % steam, 26.1 vol % CO, 9.1 vol % CO,, 14
vol % H,, 8.5 vol % CH,, and 3 vol % C,H,. The remaining 2.1 vol %
corresponded to C¢Hg. Benzene was introduced by saturating a 0.3
Nl/min N, stream that passed through a vessel containing liquid
benzene at a controlled temperature system set at 6 °C. Therefore, the
stream fed to the fluidized bed reactor accurately emulates the typical
environment taking place in the fuel reactor of a BLCG system in
continuous operation. Nitrogen-depleted air (S vol % O,) was used as
oxidizing gas to avoid a high-temperature rise in the reactor and
therefore the agglomeration of the oxygen carrier. The concentrations
of steam, ethylene, and benzene were measured by a Thermo-
Scientific iSSO FTIR spectrometer. The concentrations of CO, CO,,
H,, CH, (dry basis), and O, in the outlet gas were continuously
measured by a Rosemount NGA 2000 gas analyzer.

2.2. Oxygen Carriers. Eight oxygen carriers were used: two ores,
two waste-based materials, and four synthetic solids. The ores
consisted of a hematite from Tierga (Spain) composed of 76.5 wt %
of Fe,O; and an ilmenite provided by the company Titania S/A
(Norway), which is used for titanium production. These materials
have commonly been used in chemical looping processes due to their
low cost and abundance.””'*'® The waste-based materials were a
copper slag provided by Boliden AB, also known as iron sand, which
was recently proposed for the CLG process,” and the steel processing
residue LD slag, which has been used previously both in the CLC and
CLG processes.”*® Three synthetic oxygen carriers contained 10, 20,
and 25 wt % of Fe,0; on alumina (Fel0Al, Fe20Al, and Fe25Al), and
the other one was composed of 14 wt % of CuO on alumina
(Cul4Al_ICB). Before being used, all the materials were calcined for
2 h in an air atmosphere in a muffle furnace to increase their
mechanical strength. Further information about the preparation of
these materials could be found elsewhere.'”'" The calcination
temperature of the materials was 950 °C, except for the Cul4Al_ICB
oxygen carrier, which was calcined at 850 °C as in a previous study."'
The oxygen carriers were characterized by several techniques. A
Bruker D8 Advance A2S polycrystalline powder X-ray diffractometer
was used to determine the crystalline phases. The metal content of the
oxygen carriers was determined by inductively coupled plasma-optical
emission spectroscopy (ICP-OES) using an Xpectroblue-EOP-TI
FMT26 (Spectro) spectrophotometer. A Micromeritics AccuPyc II
1340 helium pycnometer was used to measure the skeletal density.
Crushing strength was determined by the average of 20 measurements
in a Shimpo FGN-SX digital force gauge. The BET surface area was
measured using an ASAP2020 instrument from Microactive software.
Mercury intrusion measured by a Quantachrome PoreMaster 133
instrument was used to determine the porosity of the particles.

The oxygen carrier transport capacity, Roc, was defined as the
maximum mass fraction of the oxygen carrier that can be used for
oxygen transfer. This was determined in a CI Electronics TGA,
following the procedure described in a previous study.”> A mixture of
15 vol % CO and 20 vol % CO, (N, balance) was used as a reducing
agent and air for oxidation. CO was used instead of H, as a reducing
agent because previous studies showed that CO was capable of
completely reducing Fe,05-AL, 05 to FeAl,0,.**** The main proper-
ties of the fresh calcined oxygen carriers are shown in Table 1.

2.3. Experimental Procedure. The experimental procedure
followed in this work was intended to emulate the typical fluidization
behavior and operation conditions taking place in the fuel reactor of a
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Table 1. Main Physical and Chemical Properties of the Fresh Oxygen Carriers

synthetic

wastes

ores

100—-300

Cul4Al ICB
3699

Fe25Al
100—-300

4105

Fe20Al
100—-300

3950

FelOAl
100—-300

3744

LD slag
100-300

2764

iron sand

iron ore
100—300

4216

ilmenite
100—-300
4100

100—-180
3410

particle size (um)

skeletal density (kg/m?)
crushing strength (N)

1.5+ 0.5
50.0

1.6 + 0.4
444

1.5 £ 06

45.6

1.8 £ 0.6
50.2

3.7+ 1.0

14.1
2.7

14 + 0.6
17.2
<1

58+ 1.7
26.3

22 + 04
12
<1

porosity (%)
BET (m?/g)

79.4

19.7

37.7

60.9

1.4
0.077

0.020 0.025 0.029
Fe,0;

Fe, 05

0.018 0.010

CaO

0.010

0.043

oxygen transport capacity, Roc

main XRD phases

CuO
CuAlL,0O,
a-ALO;
6-AL 04

a-AL O, a-AL O,
6-AL,0,4 6-AL,0,

Fe,0;
a-AL, O,
6-A1,04

Ca3Mg(SiO4)z

Mg, Fe,Si,05
CaMn,,SiO,,
Mg,SiO,

Ca,Si0,
Ca,Fe,O4

Fe,0; (57.8 wt %)
Fe;0, (31.3 wt %)

Si0,

Fe,0; (76.5 wt %)

Sio,
ALO;
CaO
MgO

Fe,TiO; (54.7 wt %)
Fe,0, (11.2 wt %)
TiO, (28.6 wt %)
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BCLG continuous unit. Thus, for each experimental test, 15 g of bed
material was loaded on the distribution plate of the reactor and
subsequently heated under a nitrogen atmosphere up to 850 °C. Each
oxygen carrier was exposed to activation steps by performing redox
cycles using the same gas composition and flow rates as those used
later in the experimental tests. This was done before the BCLG
experiments in order to ensure stable fuel conversion. Once stabilized,
the oxygen carrier was reduced for 1000 s with the aforementioned
gas concentrations, keeping the temperature at 850 °C. After the
reducing step, a flow of N, was passed for 300 s to remove the
remaining gases in the system. Then, the oxygen carrier was oxidized
for 1200 s with 5 vol % O,. After that, the temperature was raised first
to 900 °C and later to 950 °C, and the process was repeated again in
the same way at 850 °C. For each oxygen carrier, at least two cycles
were performed at three different temperatures (850, 900, and 950
°C) with the same batch of bed particles in the reactor. All
experiments were repeated twice to ensure repeatability. In the last
redox cycle carried out at 950 °C, the test was stopped after the
reduction stage and the reactor was cooled in a N, atmosphere to
determine the reduced crystalline phases of the oxygen carrier.
Additional tests, following the same procedure, were carried out with
the Cul4Al_ICB oxygen carrier in a wide range of temperatures (750,
800, 850, 860, 870, 880, 890, 900, and 950 °C) to obtain detailed
information about the temperature effect on the catalytic activity of
this oxygen carrier.

The conversion of hydrocarbons, Xc,g, (%), was calculated as the
molar fraction of the hydrocarbon at the outlet of the reactor with

respect to the amount fed to the inlet, as expressed in eq 1.
xCxHy,in X Qin - xCxHy,out X Qout

'xCxHy,in X Qin

X 100

(1)
where Q,, and Q,,, are the inlet and the outlet gas flow rates (mol/h)
in the reactor, whereas xcyy;n and Xcuy,eu are the fractions of
hydrocarbons analyzed at the inlet and outlet gas streams,
respectively. The conversions were calculated in the steady or
pseudosteady state (plateaus such as those in Figure 3) and were
average conversions during the steady or pseudosteady state.

XCxHy (%) =

Reduction Purge Oxidation Purge
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Figure 3. Outlet gas concentration profile in a redox cycle using
ilmenite as the oxygen carrier at 850 °C. The steady state is remarked.

3. RESULTS AND DISCUSSION

A typical profile of the gas outlet composition during a
complete redox cycle, using ilmenite at a temperature of 850
°C, is shown in Figure 3. Similar profiles were obtained at
other temperatures and with other oxygen carriers. During the
first seconds of reaction in the reduction stage, a peak of CO,
and H,0O was observed as a consequence of the high level of
lattice oxygen present in the oxygen carrier in its initial state.
Smaller amounts of H,, CO, and CH, were also detected due

to the incomplete combustion of these reducing gases. It is
noteworthy that the reaction between the oxygen carrier and
the gas phase was carried out mainly with CO and H,, whereas
CH, was only slightly converted due to its lower reactivity.
Likewise, the lattice oxygen converted some of the C,H, and
C¢Hy, although both compounds were detected at the outlet of
the reactor in the reduction period.

After the initial approximate 50 s of oxygen carrier
reduction, the availability of lattice oxygen decreased and
caused a decline in the concentrations of CO, and H,0,
whereas the other compounds showed the opposite trend. This
involved the end of the combustion stage and the maximum
possible reduction of the oxygen carrier to its lowest oxidation
state allowed by thermodynamic or kinetic limitations. At this
point, the gas concentrations stabilized, indicating that a steady
or pseudosteady state had been reached. These steady or
pseudosteady state conditions allowed for the evaluation of the
catalytic effect of the reduced oxygen carrier operating under
gasification conditions in the fuel reactor, without taking into
account the contribution due to oxidation. It should be noted
that oxygen mass balances were carried out in several of the
redox cycles, and the difference between the oxygen transferred
by the oxygen carrier and that calculated according to the
oxygen transport capacity of Table 1 was within the
experimental error of +10%.

3.1. Crystalline Phase Characterization. As mentioned
above, the oxygen carriers in BCLG can act as catalysts for
several tar removal reactions, making BCLG more advanta-
geous compared with other conventional gasification tech-
nologies. In general, it is known that metallic phases (Ni°, Cu®,
and Fe®) have a greater catalytic effect than their oxidized
phases (metal oxides) and are responsible for the catalysis of
several reactions.*”*> However, fully reduced metallic phases
may not be achieved in BCLG due to thermodynamic or
kinetic constraints. For this reason, it is important to determine
the stable phases reached by the oxygen carriers under
gasification conditions. In this work, the crystalline phases that
formed in reduced samples were characterized by XRD, after
being removed from the reactor at the end of the test. Figure 4
shows the diffractograms of reduced samples of both synthetic
and low-cost materials (ores and wastes) used in the
experiments.

As can be seen in Figure 4a, the phases formed in the
synthetic Fe/Al oxygen carriers under reducing gasification
conditions were free Al,O; and FeAl,O,. This is reasonable
since the presence of steam and CO, prevents further
reduction of both metal oxides to metallic compounds, with
aluminate being the only Fe-based stable species.*”** In
contrast, the Cu-based synthetic material, Cul4Al ICB, was
reduced to metallic copper under the same operating
conditions. In the temperature range used in this work, this
reduction pathway is maintained regardless of the temperature
at which the tests are performed."’

Both natural ores (ilmenite and iron ore) and wastes (iron
sand and LD slag) were characterized by the presence of
several phases of Fe-oxides that involve elements such as Ca
and Si (Figure 4b). The main phases formed in the reduced
ilmenite were FeTiO; and Fe;O,, as well as minor amounts of
TiO,. The reduced iron ore was composed of different iron
oxides, such as Fe;O,, FeO, and other mixed compounds, i.e.,
Fe,Ca,05. Minor amounts of SiO,, typical of ore materials,
were also found. In addition to iron oxides, different phases
comprising Ca and Si were also found in the waste materials.

https://doi.org/10.1021/acs.energyfuels.3c02750
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Figure 4. Diffractograms of the reduced samples once the steady state was achieved during the reduction period of (a) synthetic oxygen carriers

and (b) ore- and waste-based materials after the 950 °C redox cycles.

The iron sand waste was mainly composed of Fe,O; and
Fe;0,, whereas smaller amounts of SiO, were also detected.
The steel production residue LD slag was reduced to different
Fe and Ca oxides (FeO, CaO, and Ca,5i0,) and Fe,Ca, 0, as
seen in Figure 4b.

3.2. Catalytic Effect of Oxygen Carriers on the
Conversion of Hydrocarbons. The catalytic activity of the
aforementioned oxygen carriers on the removal of tar
byproducts was studied in a batch fluidized bed reactor. In
order to evaluate the catalytic effect separately from other
conversion routes, additional experiments were done by using
(i) no bed material (empty reactor) and (ii) sand as bed
material.

3.2.1. Ethylene Conversion. Figure S shows the C,H,
conversion reached with the reduced materials in a steady or
pseudosteady state at three different temperatures. The
catalytic activity of oxygen carriers on the hydrocarbon
conversion differs depending on temperature and the type of
oxygen carrier. At 850 °C, the ethylene conversion, when using
ores and wastes as the oxygen carriers, was similar to that
obtained in the experiment carried out with a sand bed (X,
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Figure S. Ethylene conversion at different temperatures and bed
materials in a batch fluidized bed reactor.

~ 45%). Even when the reactor was empty, almost half of the
ethylene fed was converted at this temperature. This means
that at a low temperature (850 °C), these oxygen carriers have
a negligible catalytic effect on the removal of C,H,, which was

https://doi.org/10.1021/acs.energyfuels.3c02750
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only decomposed by thermal cracking, as was also revealed in a
previous study using CH4.22

On the contrary, the conversion of C,H, was much
improved when synthetic oxygen carriers were used. This
indicates that the synthetic oxygen carriers have significant
catalytic activity on the C,H, conversion reactions (reforming,
cracking, etc.) even at relatively low temperatures such as 850
°C.

As the temperature increased, C,H, conversion by both
noncatalytic (up to about 65% using sand at 950 °C) and
catalytic reactions caused by the oxygen carriers increased. The
observed catalytic effect of the low-cost oxygen carriers (ores
and wastes) on ethylene conversion was quite similar for all
low-cost materials, reaching conversions around 60 and 80% at
900 and 950 °C, respectively. Even so, when the synthetic
oxygen carriers were used, the ethylene conversions were
significantly higher, reaching values around 95% at 950 °C.

Among the synthetic oxygen carriers, Cul4Al_ICB achieved
almost complete conversion of ethylene at the three temper-
atures. This could be attributed to the presence of metallic
copper, Cu’ (see Figure 4a), which was formed under typical
high reduction conditions in BCLG operation.'" As mentioned
above, metallic compounds such as Cu’ or Fe® can act as
catalysts for hydrocarbon reforming.”>~**** Also, the catalytic
activity of Cul4Al_ICB seems to be improved owing to its
high porosity and BET specific surface area, which permitted a
higher solid—gas contact. Formation of Fe’ in most oxygen
carriers was not possible due to thermodynamic limitations.
Then, for Fe/Al oxygen carriers, the catalytic effect could not
be attributed to the presence of Fe’ since steam and CO,
prevent the reduction to metallic iron (Figure 4a).* In spite of
this, Fe/Al oxygen carriers showed a high ethylene conversion
at all three temperatures. This higher conversion may be due in
part to the catalytic effect of FeAl,O, or Al,O; but also to the
relatively high specific surface area BET. As can be seen in
Table 1, synthetic oxygen carriers had a much higher BET
specific surface area than ores and wastes, which could improve
solid—gas contact. It should be noted that the gas velocity used
in the tests (about 20 cm/s) was high enough to avoid the
influence on the results of small differences in the minimum
fluidization velocities among the different oxygen carriers. The
minimum fluidization velocities calculated for the oxygen
carriers were: ilmenite (3.0—3.3 cm/s), iron ore (2.3—2.5 cm/
s), iron sand (1.9—2.1 cm/s), LD Slag (1.8—1.9 cm/s), Fel0Al
(14—1.5 cm/s), Fe20Al (1.6—1.7 cm/s), Fe25Al (1.7-1.9
cm/s), and Cul4Al (1.4—1.5 cm/s).

3.2.2. Benzene Conversion. The oxygen carrier used in
BCLG can have a double effect on tar compounds as it can
either oxidize the tars with the lattice oxygen or act as a catalyst
for reforming or cracking reactions.”” As gasification is
performed under substoichiometric operating conditions, the
limited presence of lattice oxygen can lead to incomplete tar
and tar byproducts combustion. However, the catalytic effect
of the oxygen carriers could be harnessed for tar removal by
reforming or cracking reactions. Therefore, examining the
isolated catalytic effect of the oxygen carriers on the removal of
tar and tar byproducts is necessary for the proper selection of
oxygen carriers for BCLG. In this work, benzene was used as a
model compound to determine the catalytic effect of the
oxygen carriers on the removal of tar byproducts. Figure 6
shows the conversion of benzene, Xcqys achieved during
operation in the steady or pseudosteady state in the reduction
period using different oxygen carriers at three temperatures.
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Figure 6. Benzene conversion at different temperatures and bed
materials in a batch fluidized bed reactor.

Figure 6 shows that around 60% of the benzene fed was
converted in the experiments carried out with the empty
reactor or using sand as bed material at the three temperatures.
This suggests that more than half of the benzene can be
converted to low molecular weight products at temperatures
equal to or higher than 850 °C without the need for any
catalyst or bed materials. This is in line with the previous study
carried out by Zhou et al,** who reported that thermal
cracking of benzene is possible at temperatures higher than 780
°C, despite the low yield. This behavior was different from that
observed with the conversion of C,H,, which was an increasing
function of temperature.

At 850 °C, similar conversions were found for wastes, ores,
Cul4Al_ICB, and the inert material, indicating that the
benzene was exclusively converted by noncatalytic reactions,
such as thermal cracking. Only the Fe/Al oxygen carriers had a
slight catalytic effect on benzene conversion at 850 °C.
However, at higher working temperatures, such as 900 and 950
°C, catalytic reactions promoted benzene conversion, which
varied among the different oxygen carrier materials. At 900 °C,
the use of synthetic oxygen carriers caused an increase in
benzene conversion, i.e., around 75% in the case of Fe/Al-
based materials. On the other hand, the use of ores or wastes
did not improve the benzene conversion compared to that
when the reactor was empty and using a bed of sand.

At 950 °C, the use of ores and wastes slightly improved the
benzene conversion by around 10% (X6 ~ 70% with all ore-
and waste-based materials) compared to that using sand and
with the empty reactor. The use of Fe/Al synthetic oxygen
carriers caused the benzene conversion to reach more than
80%, implying a sufficiently high catalytic activity of these
materials at this temperature. The behavior of Cul4Al_ICB
sets it apart from the other materials, as it promoted a
complete benzene conversion at both 900 and 950 °C. This
could be attributed to the formation of metallic copper, Cu’, as
stated in previous studies.** Also, in Table 1, it can be seen that
Cul4Al _ICB presented a BET specific surface area of 79.4 m?/
g that could improve the oxygen carrier catalytic effect by
promoting the gas—solid contact. Similarly, this could be a
reason for the better benzene conversion for Fe/Al materials
with respect to the ores and wastes. As shown in Table 1, the
BET specific surface areas were much higher for the synthetic
Fe/Al materials (19.7—60.9 m?/g) compared to ores and
wastes (<3 m?/g). Likewise, the high particle porosity found in
synthetic solids could be responsible for better gas diffusion
inward.
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3.2.3. Methane Conversion. Despite its high energetic
potential, CH, conversion into CO and H, is desired when the
purpose of gasification is the production of syngas for further
processing or transformation. However, previous studies
carried out in BCLG units with continuous operation have
reported the unwanted presence of methane in the fuel reactor
outlet gas, with concentrations around 5—10 vol 9%.57'° This is
likely due to the low reactivity of most of the oxygen carriers
toward methane.**” Steam reforming of methane is possible,
but this reaction is slow, making necessary the use of
catalysts.”” In this section, the methane conversions obtained
with the different oxygen carriers used in the batch fluidized
bed are discussed.

Figure 7 shows the methane conversions achieved with the
different solids at the three chosen temperatures in this study.

100 m Empty reactor
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80
70 M limenite
M Iron ore
60 | ron Sand
;\: 50 LD Slag
3 40 H Fe10Al
< 30 Fe20Al
20 m Fe25Al
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10
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Figure 7. Methane conversion at different temperatures and bed
materials in a batch fluidized bed reactor.

It can be seen that very low methane conversions or even
methane generation (plotted as negative values) were obtained
in most of the experiments. Using ores, wastes, and sand,
methane conversion/generation values ranged from —10 to
10%, while using synthetic Fe/Al-based oxygen carriers, up to
17—18% of methane generation was achieved. This behavior
does not agree with the results of a previous study where a
methane conversion of 10—20% was achieved using sand as the
bed but without feeding C,H, and C¢Hy.”” Therefore, the
results observed indicate that CH, was generated in the
present work as an intermediate compound in the decom-
position of C,H, and C4H,. This was in line with a previous
study by Torres et al,”® which suggested that CH, was
generated as an intermediate product of thermal cracking or
hydrocracking of C,H, and C4H4 This fact explains the
different methane conversions achieved when different oxygen
carriers were used since methane conversion was an increasing
function of ethylene and benzene conversions.

Unlike the other oxygen carrier materials, Cul4Al ICB
showed a clear catalytic effect on methane reforming, reaching
conversions of 57 and 76% at 900 and 950 °C, respectively. In
fact, during a series of experiments carried out at eight different
temperatures between 750 and 950 °C, it was found that the
catalytic effect of Cul4Al ICB in the hydrocarbon reforming
reaction increased exponentially from 880 to 890 °C.

Figure 8 shows the screening of ethylene, benzene, and
methane conversion using Cul4Al ICB in the fluidized bed
reactor. It can be seen that the increase in temperature from
880 to 890 °C promoted a sharp change in the intensification
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Figure 8. C,H,, C¢Hg, and CH, conversions at different temperatures
using the Cul4Al_ICB solid.

of CH, and C4Hg conversions, whereas C,H, remained almost
stable.

3.3. Comparison of Benzene Conversion with Tar
Byproduct Emissions in BCLG Prototypes. In order to
determine the validity of the method used in this work to
evaluate the catalytic effect of oxygen carriers in tar byproduct
removal for BCLG application, the benzene conversions
obtained in the batch fluidized bed reactor were compared
with available tar byproduct concentration data from previous
studies on a 1.5 kWy BCLG prototype with continuous
biomass feed.”""* Figure 9 shows the relationship between the
benzene conversions obtained in this work and the tar
byproduct concentrations measured in the 1.5 kW ICB-
CSIC prototype working with the same oxygen carriers and at
very similar temperatures. All the experiments in the
continuous unit were carried out at an oxygen-to-fuel ratio
~0.3, which means the transfer to the fuel of 0.3 mol/h of O
per each mol/h of O needed for complete combustion of the
biomass fed.

It can be seen that when high benzene conversions were
reached in the batch fluidized bed reactor, low tar byproduct
concentrations were measured in the syngas generated in the
BCLG prototype working with the continuous feeding of
biomass. Hence, this establishes a relationship between the
results obtained in the batch fluidized bed reactor and those
found in the prototype. Likewise, the temperature largely
determined the tar byproduct conversion in both types of
reactors. The experiments carried out at high temperature (950
°C) in the batch fluidized bed reactor showed benzene
conversions higher than 70 and 80% when using low-cost and
synthetic oxygen carriers, respectively. On the other hand, the
tar byproduct concentrations in most experiments carried out
in the 1.5 kWy, BCLG unit at a similar temperature were less
than 3.0 g/kg dry biomass and 2.0 g/kg dry biomass when low-
cost materials and synthetic oxygen carriers were used,
respectively. At temperatures of 850 and 900 °C, benzene
conversions in the batch reactor were between ~60 and ~75%
and tar byproduct concentrations in the 1.5 kWy, BCLG unit
between 2.5 and 4.5 g/kg. Exceptionally, the use of the
Cul4Al_ICB oxygen carrier reached tar byproduct values
lower than 2 g/kg at 900 °C. This corroborated the
exponential increase of catalytic activity of the Cu-based
oxygen carrier when the temperature increased from 850 to
900 °C. Apart from the significant effect the reaction
temperature had on both benzene conversions in the batch
fluidized bed reactor and tar byproduct concentration in syngas
from the 1.5 kWy, unit, the nature of the oxygen carriers was
also important. The results between the two different reactor
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Figure 9. Relationship between benzene conversions in the batch fluidized bed reactor (BFBR) and tar emissions in the 1.5 kWy, continuous
BCLG unit (oxygen-to-fuel ratio ~ 0.3). (a) Synthetic oxygen carriers and (b) ore- and waste-based materials.

systems are in line, showing that tar byproduct removal is
higher when using synthetic oxygen carriers rather than the
low-cost ones.

It can be concluded that the method used to analyze the
catalytic effect of the oxygen carrier on benzene conversion is
useful to infer the behavior of the oxygen carrier for tar
byproduct removal in BCLG continuous units. Still, even at the
same temperatures, the relationship between the results of the
batch reactor and the continuous unit must be interpreted
separately for each oxygen carrier since each one presents
different catalytic activities. Furthermore, it must be considered
that in a continuous operation, the oxygen carrier enters the
fuel reactor in a partially oxidized manner, which can result in
partial tar or tar byproduct removal due to possible
combustion or partial combustion.***’ However, it is expected
that due to the low reactivity of the oxygen carriers with tars
and hydrocarbons (even with methane as seen above), most of
the lattice oxygen will be consumed in the combustion of H,
and CO and its contribution to the combustion of tars and
hydrocarbons will be minimal. Therefore, reforming and
cracking reactions should be the main cause of tar and tar
byproduct removal when operating in a BCLG continuous
unit.

4. CONCLUSIONS

The catalytic effect on the conversion of C,H, and C4Hy of
different low-cost and synthetic oxygen carriers suitable for the
BCLG process was evaluated in a batch fluidized bed reactor at
850, 900, and 950 °C. The results suggest that the ores and
wastes used had a low catalytic effect on the conversion of
ethylene and benzene. However, the conversion increased with
increasing temperature. Depending on the temperature, the
ethylene and benzene conversions achieved were 40—80% and
60—70%, respectively, but most of the conversion was
attributed to the noncatalytic thermal cracking reactions. In
contrast, the Fe/Al-based synthetic oxygen carriers improved
the ethylene and benzene conversions up to 82—92% and 75—
82%, respectively. The Cu-based synthetic oxygen carrier
(Cul4Al_ICB) showed the highest catalytic effect on the
conversion of ethylene and benzene, reaching almost complete
conversions for both compounds at temperatures of >900 °C.
In all cases, the catalytic effect on the conversion of ethylene
and benzene increased with temperature.

Methane was generated as an intermediate compound from
ethylene and benzene conversion. Cul4Al ICB was the only
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oxygen carrier that showed a significantly high methane
conversion, reaching around 55 and 75% at 900 and 950 °C,
respectively.

A qualitative relationship between the benzene conversion
achieved in the batch fluidized bed reactor and the tar
byproduct concentrations measured in the syngas generated in
a 1.5 kWy, BCLG prototype working in continuous operation
was observed. The higher the benzene conversion in the
fluidized bed reactor, the lower the tar byproduct concen-
trations measured in the syngas generated in the prototype.

B AUTHOR INFORMATION

Corresponding Author
Francisco Garcia-Labiano — Instituto de Carboquimica,
Consejo Superior de Investigaciones Cientificas (ICB-CSIC),
50018 Zaragoza, Spain; ® orcid.org/0000-0002-5857-
0976; Email: glabiano@icb.csic.es

Authors

Ivan Samproén — Instituto de Carboquimica, Consejo Superior
de Investigaciones Cientificas (ICB-CSIC), 50018 Zaragoza,
Spain; ©® orcid.org/0000-0002-8372-6151

Victor Purnomo — Department of Chemistry and Chemical
Engineering, Chalmers University of Technology, 412 58
Goteborg, Sweden; © orcid.org/0000-0001-6289-9603

Tobias Mattisson — Department of Space, Earth, and
Environment, Chalmers University of Technology, 412 58
Géteborg, Sweden; © orcid.org/0000-0003-3942-7434

Henrik Leion — Department of Chemistry and Chemical
Engineering, Chalmers University of Technology, 412 58
Goteborg, Sweden

Luis F. de Diego — Instituto de Carboquimica, Consejo
Superior de Investigaciones Cientificas (ICB-CSIC), 50018
Zaragoza, Spain; ©® orcid.org/0000-0002-4106-3441

Complete contact information is available at:
https://pubs.acs.org/10.1021/acs.energyfuels.3c02750

Notes
The authors declare no competing financial interest.

B ACKNOWLEDGMENTS

This work was supported by the CO2SPLIT project, Grant
PID2020-113131RB-I00, funded by MICIN/AEI/10.13039/
501100011033. LS. thanks the Spanish Ministerio de Ciencia,

https://doi.org/10.1021/acs.energyfuels.3c02750
Energy Fuels 2023, 37, 16629—16638



Energy & Fuels

pubs.acs.org/EF

Innovacién y Universidades (MICIU) for the PRE2018-
086217 predoctoral fellowship.

B REFERENCES

(1) Mendiara, T.; Garcia-Labiano, F.; Abad, A.; Gayan, P.; de Diego,
L. F; Izquierdo, M. T.; Adénez, J. Negative CO, emissions through
the use of biofuels in chemical looping technology: A review. App.
Energy 2018, 232, 657—684.

(2) Sikawar, V. S.; Zhao, M.; Fennell, P. S.; Shah, N.; Anthony, E. J.
Progress in biofuel production from gasification. Prog. Energy
Combust. Sci. 2017, 61, 189—248.

(3) Lyngfelt, A. Chemical Looping Combustion: Status and
Development Challenges. Energy Fuels 2020, 38 (8), 9077—9093.

(4) Adanez, J.; Abad, A,; Mendiara, T.; Gayan, P.; de Diego, L. F,;
Garcia-Labiano, F. Chemical looping combustion of solid fuels. Prog.
Energ Combust 2018, 65, 6—66.

(5) Lin, Y,; Wang, H.; Wang, Y.; Huo, R.; Huang, Z.; Liu, M,; et al.
Review of Biomass Chemical Looping Gasification in China. Energy
Fuels 2020, 34 (7), 7847—7862.

(6) Condori, O.; Garcia-Labiano, F.; de Diego, L. F.; Izquierdo, M.
T.; Abad, A.; Adanez, J. Biomass chemical looping gasification for
syngas production using ilmenite as oxygen carrier in a 1.5 kWth unit.
Chem. Eng. ]. 2021, 405, No. 126679.

(7) Samprén, L; de Diego, L. F.; Garcia-Labiano, F.; Izquierdo, M.
T.; Abad, A,; Addnez, J. Biomass Chemical Looping Gasification of
pine Wood using a synthetic Fe,0;/Al,0; oxygen carrier in a
continuous unit. Bioresour. Technol. 2020, 316, No. 123908.

(8) Condori, O.; Garcia-Labiano, F.; de Diego, L. F.; Izquierdo, M.
T.; Abad, A.; Adanez, J. Biomass chemical looping gasification for
syngas production using LD Slag as oxygen carrier in a 1.5 kWth unit.
Fuel Process. Technol. 2021, 222, No. 106963.

(9) Condori, O.; de Diego, L. F.; Garcia-Labiano, F.; Izquierdo, M.
T.; Abad, A.; Adénez, J. Syngas production in a 1.5 kWth biomass
chemical looping gasification unit using Fe and Mn ores as the oxygen
carrier. Energy Fuels 2021, 35 (21), 17182—17196.

(10) Samprén, L; de Diego, L. F.; Garcfa-Labiano, F.; Izquierdo, M.
T. Effect of the Fe content on the behavior of synthetic oxygen
carriers in a 1.5 kW biomass chemical looping gasification unit. Fuel
2022, 309, No. 122193.

(11) Sampron, L; Cabello, A.; Garcia-Labiano, F.; Izquierdo, M. T.;
de Diego, L. F. An innovative Cu-Al oxygen carrier for the biomass
chemical looping gasification process. Chem. Eng. Jour 2023, 465,
No. 1429109.

(12) Condori, O.; Abad, A; Izquierdo, M. T.; de Diego, L. F,;
Garcia-Labiano, F.; Addnez, J. Assessment of the chemical looping
gasification of wheat straw pellets at the 20 kWth scale. Fuel 2023,
344, No. 128059.

(13) Wei, G.; He, F; Huang, Z; Zheng, A; Zhao, K; Li, H.
Continuous Operation of a 10 kWth Chemical Looping Integrated
Fluidized Bed Reactor for Gasifying Biomass Using an Iron-Based
Oxygen Carrier. Energy Fuels 2015, 29 (1), 233—241.

(14) Wei, G; He, F.; Zhao, Z.; Huang, Z.; Zheng, A.; Zhao, K; et al.
Performance of Fe-Ni bimetallic oxygen carriers for chemical looping
gasification of biomass in a 10 kWth interconnected circulating
fluidised bed reactor. Int. J. Hydrog Energy 2015, 40, 16021—16032.

(15) Huseyin, S.; Wei, G.-Q.; Li, H.-B.; He, F.; Huang, Z. Chemical-
looping gasification of biomass in a 10 kWth interconnected fluidized
bed reactor using Fe,03/Al,0; oxygen carrier. J. Fuel Chem. Technol.
2014, 42 (8), 922—931.

(16) Ge, H; Guo, W.; Shen, L, Song, T.; Xiao, ]J. Biomass
gasification using chemical looping in a 25 kWth reactor with natural
hematite as oxygen carrier. Chem. Eng. J. 2016, 286, 174—183.

(17) Purnomo, V.; Yilmaz, D.; Leion, H.; Mattison, T. Study of
defluidization of iron- and manganese-based oxygen carriers under
highly reducing conditions in a lab-scale fluidized-bed batch reactor.
Fuel Process. Technol. 2021, 219, No. 106687.

(18) Purnomo, V.; Mei, D.; Soleimanisalim, A. H.; Mattisson, T.;
Leion, H. Effect of the Mass Conversion Degree of an Oxygen Carrier

on Char Conversion and Its Implication for Chemical Looping
Gasification. Energy Fuels 2022, 36 (17), 9768—9779.

(19) Hildor, F.; Soleimanisalim, A. H.; Seeman, M.; Mattisson, T.;
Leion, H. Tar characteristics generated from a 10 kWth chemical-
looping biomass gasifier using steel converter slag as an oxygen
carrier. Fuel 2023, 331, No. 125770.

(20) Tian, X; Niu, P; Ma, Y; Zhao, H. Chemical-looping
gasification of biomass: Part II Tar yields and distribution. Biomass
Bioenerg 2018, 108, 178—189.

(21) Sampron, L; de Diego, L. F.; Garcia-Labiano, F.; Izquierdo, M.
T. Optimization of synthesis gas production in the biomass chemical
looping gasification process operating under auto-thermal conditions.
Energy 2021, 26, No. 120317.

(22) Sampron, L; de Diego, L. F.; Garcia-Labiano, F.; Izquierdo, M.
T.; Addnez, J. Influence of an Oxygen Carrier on the CH4 Reforming
Reaction Linked to the Biomass Chemical Looping Gasification
Process. Energy Fuels 2022, 36 (17), 9460—9469.

(23) Woolcock, P. J.; Brown, R. C. A review of cleaning technologies
for biomass-derived syngas. Biomass Bionerg 2013, 52, 54—84.

(24) Devi, L; Ptasinski, K. J.; Janssen, F. J. A review of the primary
measures for tar elimination in biomass gasification processes. Biomass
Bioenergy 2003, 24 (2), 125—140.

(25) Guan, G.; Kaewpanha, M,; Hao, X; Abudula, A. Catalytic
reforming of tar and volatiles from walnut shell pyrolysis over a novel
Ni/olivine/La203 supported on ZrO2. Renewable Sustainable Energy
Rev. 2016, 58, 450—461.

(26) Torres, W.; Pansare, S. S.; Goodwin, J. G., Jr Hot gas removal
of tars, ammonia, and hydrogen sulfide from biomass gasification gas.
Catal. Rev. 2007, 49, 407—456.

(27) Kinoshita, C. M,; Wang, Y.; Zhou, J. Tar formation under
different gasification conditions. J. Anal. Appl. Pyrolysis 1994, 29,
169—181.

(28) Elliott, D. C. Relation of reaction time and temperature to
chemical composition of pyrolysis oils. ACS Symp. Ser. 1988, 376,
55-65.

(29) Tregrossi, A,; Ciajolo, A; Barbella, R. The combustion of
benzene in rich premixed flames at atmospheric pressure. Combust.
Flame 1999, 117, 553—561.

(30) Han, J.; Kim, H. The reduction and control technology of tar
during biomass gasification/pyrolysis: an overview. Renewable
Sustainable Energy Rev. 2008, 12, 397—416.

(31) Narvaez, I; Corella, J.; Orio, A. Fresh Tar (from a Biomass
Gasifier) Elimination over a Commercial Steam-Reforming Catalyst.
Kinetics and Effect of Different Variables of Operation. Ind. Eng.
Chem. Res. 1997, 36, 317—327.

(32) Cortazar, M.; Santamaria, L.; Lopez, G.; Alvarez, J.; Zhang, L.;
Wang, R; Bi, X;; Olazar, M. A comprhensive review of primary
strategies for tar removal in biomass gasification. Energy Convers.
Manage. 2023, 276, No. 116496.

(33) Virginie, M.; Adanez, J.; Courson, C.; de Diego, L. F.; Garcfa-
Labiano, F.; Niznansky, D.; Kiennemann, A.; Gayén, P.; Abad, A.
Effect of Fe—olivine on the tar content during biomass gasification in
a dual fluidized bed. Appl. Catal, B 2012, 121—122, 214—222.

(34) Zeng, J.; Hu, J; Qiu, Y.; Zhang, S,; Zeng, D.; Xiao, R. Multi-
function of oxygen carrier for in-situ tar removal in chemical looping
gasification: Naphthalene as model compound. Appl. Energy 2019,
253, No. 113502.

(35) Keller, M.; Leion, H.; Mattisson, T.; Thunman, H. Investigation
of Natural and Synthetic Bed Materials for Their Utilization in
Chemical Looping Reforming for Tar Elimination in Biomass-Derived
Gasification Gas. Energy Fuels 2014, 28, 3833—3840.

(36) Keller, M.; Leion, H.; Mattisson, T. Chemical looping tar
reforming using La/Sr/Fe-containing mixed oxides supported on
7rO,. Appl. Catal, B 2016, 183, 298—307.

(37) Bain, R.; Magrini-Bair, K.; Hensley, J.; Jablonski, W.; Smith, K ;
Gaston, K; Yung, M. Pilot scale production of mixed alcohols from
wood. Ind. Eng. Res. 2014, $3 (6), 2204—2218.

https://doi.org/10.1021/acs.energyfuels.3c02750
Energy Fuels 2023, 37, 16629—16638



Energy & Fuels pubs.acs.org/EF

(38) Leion, H.; Frick, V.; Hildor, F. Experimental Method and Setup
for Laboratory Fluidized Bed Reactor Testing. Energies 2018, 11 (10),
250s.

(39) Purnomo, V.; Stanici¢, I; Mei, D.; Soleimanisalim, A. H;
Mattisson, T.; Rydén, M.; Leion, H. Performance of iron sand as an
oxygen carrier at high reduction degrees and its potential use for
chemical looping gasification. Fuel 2023, 339, No. 127310.

(40) Hildor, F.; Leion, H.; Linderholm, C. J.; Mattisson, T. Steel
converter slag as an oxygen carrier for chemical-looping gasification.
Fuel Pro Tech 2020, 210, No. 106576.

(41) de Diego, L. F.; Gayén, P.; Garcia-Labiano, F.; Celaya, J.; Abad,
A.; Adénez, ]J. Impregnated CuO/Al,O; Oxygen Carriers for
Chemical-Looping Combustion: Avoiding Fluidized Bed Agglomer-
ation. Energy Fuels 2008, 19 (5), 1850—1856.

(42) Abad, A.; Garcia-Labiano, F.; de Diego, L. F,; Gayin, P;
Adénez, J. Reduction Kinetics of Cu-, Ni-, and Fe-Based Oxygen
Carriers Using Syngas (CO + H,) for Chemical-Looping
Combustion. Energy Fuels 2007, 21, 1843—1853.

(43) Cabello, A.; Abad, A.; Garcia-Labiano, F.; Gayan, P.; de Diego,
L. F.; Adénez, J. Kinetic determination of a highly reactive
impregnated Fe,0;/Al,0; oxygen carrier for use in gas-fueled
Chemical Looping Combustion. Chem. Eng. J. 2014, 258, 265—280.

(44) Zhou, Z.; Deng, G; Li, L,; Liu, X;; Sun, Z.; Duan, L. Chemical
looping co-conversion of CH, and CO, using Fe,0;/A1,0; pellets as
both oxygen carrier and catalyst in a fluidized bed reactor. Chem. Eng.
J. 2022, 428, No. 132133.

(45) Zhou, H; Gao, X; Liu, P,; Zhu, Q; Wang, J; Li, X. An
experimental and simulated investigation on pyrolysis of blended
cyclohexane and benzene under supercritical pressure. Pet. Chem.
2017, 57, 71—78.

(46) Abad, A,; Adénez, J.; Garcia-Labiano, F.; de Diego, L. F,;
Gayan, P.; Celaya, J. Mapping of the range of operational conditions
for Cu-, Fe-, and Ni-based oxygen carriers in chemical-looping
combustion. Chem. Eng. Sci. 2007, 62, 533—549.

(47) Mendiara, T.; Abad, A; de Diego, L. F.; Garcia-Labiano, F.;
Gayén, P.; Adénez, J. Reduction and oxidation kinetics of Tierga iron
ore for Chemical Looping Combustion with diverse fuels. Chem. Eng.
J. 2019, 359, 37—46.

(48) Dieringer, P.; Marx, F.; Alobaid, F.; Stréle, J.; Epple, B. Process
Control Strategies in Chemical Looping Gasification-A novel Process
for the Production of Biofuels Allowing for Net Negative CO,
Emissions. Appl. Sci. 2020, 10, 4271.

(49) Dieringer, P.; Marx, F.; Michel, B.; Strohle, J.; Epple, B. Design
and control concept of a 1 MWth chemical looping gasifier allowing
for efficient autothermal syngas production. Int. ]. Greenhouse Gas
Control 2023, 127, No. 103929.

16638 https://doi.org/10.1021/acs.energyfuels.3¢02750
Energy Fuels 2023, 37, 16629—16638



ARTICULO VI






Chemical Engineering Journal 465 (2023) 142919

Chemical

Contents lists available at ScienceDirect __ Saginesrng

Chemical Engineering Journal

ELSEVIER journal homepage: www.elsevier.com/locate/cej

Check for

An innovative Cu-Al oxygen carrier for the biomass chemical looping e
gasification process

Ivan Sampron, Arturo Cabello, Francisco Garcia-Labiano, Maria T. Izquierdo, Luis F. de Diego

Instituto de Carboquimica, Consejo Superior de Investigaciones Cientificas (ICB-CSIC), C/Miguel Luesma Castan, 4, 50018 Zaragoza, Spain

ARTICLE INFO ABSTRACT

Keywords: Biomass chemical looping gasification (BCLG) is a novel technology that enables the production of renewable
Bioméss ) o syngas without the need for an external supply of energy or power while achieving negative carbon emissions. In
Chemical looping gasification this work, the behavior of a synthetic Cu-based (14 wt% CuO) oxygen carrier, Cul4AI_ICB, was tested for 45 h in

Cu-based oxygen carrier
Syngas
Tar

a 1.5 kWy, continuous unit using pine sawdust as fuel. The effect of the oxygen-to-fuel ratio () and gasification
temperature on syngas composition and gasification parameters, including fuel conversion, carbon capture, cold
gas efficiency, and syngas yield, was studied. A decrease in the oxygen-to-fuel ratio increased molar flows of Hy
and CO in the syngas, while an increase in gasification temperature mainly improved char gasification, also
enhancing Hy and CO generation. High amounts of syngas with low CH4 molar flows (~2.3 mol CH4/kg of dry
biomass) were obtained under any conditions due to the catalytic effect of metallic copper on CHy4 reforming
reactions. Syngas yield values were achieved approximating those obtained with Ni-based solids. The oxygen
carrier also had a very positive effect on tar removal, reaching tar concentration values similar to those obtained
by operating under chemical looping combustion conditions. The attrition rate measured with this oxygen carrier
was the lowest obtained to date for any oxygen carrier operating under BCLG conditions. In addition, the me-
chanical properties, reactivity, and oxygen transport capacity of the oxygen carrier were maintained throughout
the campaign. Therefore, the Cul4Al ICB oxygen carrier has proved to be an excellent material for the BCLG
process.

beds. A simple form of gasification technology is the one-step gasifica-

1. Introduction tion process, where part of the biomass is combusted using a pure stream
of oxygen to produce the heat required for gasification. The main

The IPCC report released in 2022 stated that global greenhouse gas problem with this technology is the cost of the air separation unit (ASU)
(GHG) emissions had reached 59 Gt of COzeq in 2019 [1]. The trans- required to produce pure oxygen. Dual fluidized bed (DFB) gasification

portation sector was responsible for 15% of CO5 emissions, a percentage does away with the need for an ASU by burning part of the fuel in a
that was greatly exceeded in the European Union, where almost a separate reactor and transporting the heat produced by this combustion
quarter of total GHG emissions are currently produced by this sector [2]. process to the gasifier by means of an inert solid; however, CO; is
The use of liquid biofuels is a promising way to substitute the fossil fuels emitted from the combustion reactor. Biomass chemical looping gasifi-
used for both aviation and road transportation. In fact, the International cation (BCLG) is similar to DFB, but with a solid oxygen carrier used to

Energy Agency (IEA) expects the use of liquid biofuels to triple by 2050 transport heat and oxygen between reactors instead of an inert solid (see
in its Net Zero Emission (NZE) scenario [3]. The gasification of forestry Fig. 1).

residues and agro-industrial wastes is a possible option to obtain syngas In a BCLG unit, the biomass is fed into a fuel reactor (FR), where it is
(Hz and CO) using biomass resources not suitable for the food industry as devolatilized and the char gasified by a gasification agent (commonly
fuel. Such syngas can then be transformed into liquid biofuels (diesel, steam) that is also used as the fluidizing gas, while the oxygen carrier is
gasoline) through Fischer-Tropsch (FT) processes, or into chemicals reduced by its contact with the volatile matter and gasification products.
(ethanol, methanol, ammonia, etc.) [4]. Conventional gasification Thus, a non Ny-diluted stream of Hz0, CO, CO2, Hy, and CHy is obtained
technologies have already been developed for biomass and coal gasifi- at the FR outlet. Oxidation of the oxygen carrier occurs inside the air
cation, and these processes have been improved by the use of fluidized reactor (AR), where it is heated as a result of the exothermic nature of
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Nomenclature

A attrition rate (wt%/h)

Fp flow of dry biomass fed into the FR (kg/h)

Fiarout molar flow of component i at the AR outlet (mol/h)
Fcb molar flow of C fed by biomass (mol/h)

Firrout molar flow of component i at the FR outlet (mol/h)

Fgrrour molar flow of gas leaving the FR (mol/h)

Foz,ARreac molar flow of O, reacted with the oxygen carrier in the
AR (mol/h)

Fozarin molar flow of O, fed into the AR (mol/h)

Fs oxygen carrier circulation flow (kg/h)

Geco flow of CO generated in the FR (Nm®/h)

Gz flow of Hs generated in the FR (Nm3/h)

LHVy, lower heating value of the dry biomass (kJ/kg)

LHV, lower heating value of the gas produced in the FR (kJ/mol)

mg mass of elutriated particles (kg)

mg total mass of solids inventory in the unit (kg)

Roc oxygen transport capacity (-)

S/B steam to biomass ratio (-)

T temperature (°C)

Xp biomass conversion (%)

X carbon fraction in biomass (-)

Xs oxygen carrier conversion (-)

Y syngas yield (Nm>/kg dry biomass)

Yco CO yield (Nm®/kg dry biomass)

Yo H, yield (Nm®/kg dry biomass)

AH variation of enthalpy (kJ/mol)

At variation of time (h)

AXg variation of oxygen carrier conversion (-)

Nee carbon capture (%)

Ng cold gas efficiency (%)

A oxygen-to-biomass ratio (-)

¢ oxygen balance ratio (-)

Qp oxygen demand for the complete combustion of the
biomass (mol O/kg dry biomass)

the oxidation reaction. After oxidation in the AR, the oxygen carrier is
fed back into the FR, transporting the heat and oxygen necessary for
gasification. Due to oxygen carrier oxidation, a pure stream of nitrogen
may be obtained at the AR outlet that could be considered a valuable
product for other applications [5]. BCLG also has other advantages over
conventional gasification, such as no need for pure oxygen, low tar
generation, and negative CO, emissions [6]. There is deep accumulated
experience in relation to the materials used in these processes owing to
studies conducted into chemical looping combustion (CLC), a technol-
ogy used for carbon capture and storage (CCS) [7-10]. A wide range of
oxygen carriers previously used for combustion has also been used for
BCLG. Iron ores, such as hematite and ilmenite, have been tested in
continuous units ranging in scale between 1.5 kWy, and 25 kWy, due to
their low prices and abundance [11-14]. Similarly, several research
groups have studied the use of manganese ores as oxygen carriers for
BCLG in units of different scale [12,15,16]. Another low-cost solid that
was recently tested is LD slag, waste produced during steel manufacture
[14,17-19]. The main problem observed in BCLG processes is that the
highly reducing atmosphere existing in the gasifier increased the attri-
tion rate of the oxygen carriers in relation to their performance under
combustion conditions. In this regard, particle attrition rate values of

Nondiluted syngas

a) 0 b)

Nondiluted syngas

between 0.62 wt%/h and 0.16 wt%/h have been reported in BCLG
[11,12], whereas particle attrition rates of 0.05-0.1 wt%/h have been
achieved in combustion [20-23]. To improve some of the mechanical
properties of low-cost materials, numerous synthetic oxygen carriers
have been prepared and tested [24-30]. Our research group at ICB-CSIC
managed to decrease the attrition rate of Fe-Al oxygen carriers from 0.9
to 0.11 wt%/h by decreasing the amount of impregnated iron from 25 wt
% to 10 wt% [31]. Another reason to use synthetic oxygen carriers is
their ability to increase the conversion of CH4 and light hydrocarbons
into CO and Hy, which is particularly significant if the intention is to
obtain syngas for the FT process or to produce chemical products. The
main problem for CH,4 conversion is that most oxygen carriers are more
reactive with CO and H, than with CH4, meaning that oxygen carrier
reduction usually occurs with syngas instead of methane [32]. Our
research group achieved a significant reduction in the CH4 content of
syngas with an oxygen carrier containing 25 wt% Fe over alumina, but
with a high attrition rate. Some authors proposed the use of Fe-Ni ox-
ygen carriers to reduce the CH, content in syngas due to the high cat-
alytic activity of nickel, but it is a toxic and expensive material to be used
in processes involving solid fuels [33-35]. Although Cu-based oxygen
carriers are known for their effect on reforming CHjy, their use was
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Fig. 1. Schematic diagram of the gasification processes. (a) One-step, (b) DFB, and (c) BCLG.
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restricted due to their low melting point and tendency to agglomerate.
Our research group at ICB-CSIC proposed the use of an oxygen carrier
(Cul4ALICB) composed of 14 wt% copper oxide and alumina that was
capable of preventing agglomeration when calcined at 850 °C [36]. This
material showed good behavior for CH4 combustion at 800 °C, although
some copper losses were found, while high temperatures led to an in-
crease in particle attrition rate [37-39]. Nonetheless, recent studies
have demonstrated that this Cul4Al_ICB material is suitable for methane
or biogas reforming [40]. In addition, further studies in a thermogra-
vimetric analyzer (TGA) over hundreds of cycles and at different levels
of reduction showed that this oxygen carrier could also be promising for
gasification [41,42]. Additionally, our research group found that the
Cul4ALICB material can exhibit excellent behavior in terms of CHy4
conversion, close to that shown by Ni-based oxygen carriers [43].

Therefore, the aim of this work was to study the suitability of the
Cul4ALICB oxygen carrier for continuous BCLG process operation. The
effect of the main operation conditions, such as temperature and
oxygen-to-fuel ratio, was tested by analyzing the product gas composi-
tion at the fuel and air reactors outlets, gasification parameters, and tar
generation. A deep characterization of the oxygen carrier particles was
performed after 45 h of continuous operation to determine their physi-
cochemical behavior and attrition rate.

2. Experimental
2.1. Materials

A 5 kg batch of oxygen carrier composed of 14 wt% CuO and Al;O3
(Cul4AlICB) was prepared by the incipient wetness impregnation
method [37]. A 5.4 M solution of copper (II) nitrate from Panreac was
slowly added to a commercial-grade 100-300 pm y-alumina (Puralox
NWa-155, Sasol Germany GmbH) with a porosity of 55.4% and density
of 1.3 g/cm®. The impregnated material was calcined at 550 °C for 30
min to decompose the nitrate, and sintered for 1 h at 850 °C in air to
increase its mechanical strength. It was then sieved to obtain the fraction
with a particle size of 100-300 pm. The main properties of the oxygen
carrier are shown in Table 1.

Cu content and ash composition were determined by inductively
coupled plasma-optical emission spectroscopy (ICP-OES) using a
Xpectroblue-EOP-TI FMT26 (Spectro) spectrophotometer. A Bruker D8
Advance A25 polycrystalline powder X-ray diffractometer (XRD) was
used to determine the crystalline phases of the oxygen carrier. Skeletal
density was measured using a Micromeritics AccuPyc II 1340 helium
pycnometer. Crushing strength was determined by the average of 20
measurements in a Shimpo FGN- 5X digital force gauge. BET surface
area, mesoporosity, and total volume of pores were calculated (using
Microactive software) from No physisorption isotherms, which were
obtained in a ASAP2020 instrument from Micromeritics. Mercury
intrusion was used to measure porosity by a Quantachrome PoreMaster
133. XPS analysis of the oxygen carrier surface was carried out in an
ESCAPlus Omicron spectrometer. Current region sweeps for the

Table 1
Physical and chemical properties of the Cul4Al_ICB oxygen carrier.
Fresh particles After BCLG
operation
CuO content (wWt%) 14 14
Particle size (pm) 100-300 100-300
Skeletal density (kg/m>) 3699 3804
Crushing strength (N) 2.5 2.3
Porosity (%) 38.4 35.3
BET surface area (m?/g) 86.2 21.8
Oxygen transport capacity, 2.8 2.8
Roc

XRD crystalline phases CuO, CuAl,04, y-Al,03,

5-Al,05

Cu,0, Cu, a-Al,03

Chemical Engineering Journal 465 (2023) 142919

analyzed regions were processed by CASA software for background
subtraction and quantification. Microstructural analysis of the particles
that was required for their characterization was performed by a Hitachi
S-3400 N scanning electron microscope (SEM) coupled to a Roentec
XFlash Si (Li) detector for energy-dispersive X-ray (EDX) analysis. The
particles were embedded in epoxy resin, polished, and cut to analyze
their internal structure and to determine the dispersion of different el-
ements (Cu, Al and O). A CI Electronics TGA was used to determine the
oxygen transport capacity of the oxygen carrier (Roc). A mixture of 15
vol% Hy and 20 vol% HoO (N, balance) was introduced as reducing
agent. Oxidation was carried out with air.

Pine sawdust from Ansé (Spain) was used as fuel. The biomass was
milled and sieved to obtain the particle size of 0.5-2.0 mm. Proximate
and ultimate analyses are shown in Table 2.

2.2. BCLG continuous unit

Gasification tests were carried out in a 1.5 kWy, continuous unit
whose schematic diagram is presented in Fig. 2. The unit is composed of
two bubbling fluidized bed reactors, FR and AR, connected by a loop seal
to prevent gas mixing while allowing solids circulation. A stream of 130
Nl/h of a gasifying agent, commonly steam, was introduced into the FR
(0.05 m id). Biomass was fed into the FR by two consecutive screw
feeders. A 2100 N1/h mixture of N5 and air was fed into the AR (0.08 m
id) to oxidize the oxygen carrier while maintaining constant fluidiza-
tion. A more detailed description of the unit can be found elsewhere
[44].

The exhaust gas stream exiting the FR was split into two streams; one
was sent to the tar recovery system and online gas analyzers, while the
other gas was burned with oxygen in an external reactor for the mass
balance. Part of the exhaust gas stream exiting the AR was pumped to a
CO», CO, and O3 analyzer, while the remaining gas was sent to the stack.
CO9, CH4, and CO were analyzed by non-dispersive infrared analyzers
(Siemens Ultramat 23); H, was measured by a thermal conductivity
analyzer (Siemens Calomat 6); and O, was measured by paramagnetic
analyzers (Siemens Ultramat-Oxymat 6). Additionally, C;-Cs hydro-
carbons were determined in an offline gas chromatograph (Perkin Elmer
CLARUS 580). Tars were recovered in accordance with the European tar
protocol [45]. The water content in tars was determined using the
Mitsubishi Karl-Fischer titrator KF-31, and the determination and
quantification of the tar compounds was carried by a gas chromatograph
coupled to a mass spectrometer (Shimadzu GC-2010 Plus + GCMS-
QP2020). Three calibration standards were used: Benzene 99.8% purity,
Naphthalene 99%-+ purity, and EPA 525 PAH MIX-A certified reference
material containing 13 analytes with a concentration of 500 pg/mL of
each component in dichloromethane. Four dilutions of different con-
centrations of the standard reference were prepared for calibration.

Table 2
Proximate and ultimate analyses of the pine sawdust.

Proximate analysis (Wt%, as received)

Moisture (EN 14774-3) 5.0
Ash (EN 14775) 0.3
Volatile matter (EN 15148) 79.9
Fixed carbon (by difference) 14.8
Ultimate analysis (wt%, dry basis)”

C 53.7
H 6.1
N 0.1
s" 0.0
O (by difference) 39.8
LHV (kJ/kg dry biomass) (EN 14918) 19,309
Qp, (mol O/kg dry biomass) 95.3

@ Determined in a Thermo Flash 1112 analyzer.
b Below detection limits.
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Fig. 2. Schematic diagram of the 1.5 kWy, BCLG continuous unit.

2.3. Operation

The BCLG unit was loaded with 1.8 kg of fresh Cul4Al ICB oxygen
carrier, which was circulated for ~ 5 h at 850 °C to remove any fine
particles that may have become attached to the oxygen carrier particles
during the impregnation process. The solids circulation rate was then
stabilized at ~ 12 kg/h, the biomass was fed into the system, and
biomass combustion began (see Fig. 3a). To change the conditions from
biomass chemical looping combustion (BCLC) to BCLG, the AR inlet
stream was replaced by a mixture of air and Ny, for the purpose of
operating below the stoichiometric ratio while keeping the gas velocity
in the reactor, and therefore the solids circulation rate, constant.
Although the usual method to control the Oy transfer from the AR to the
FR reported in the literature is based on varying the solids circulation
rate or diluting the oxygen carrier with an inert [13,33], the control
method used in this work allowed us to maintain a constant solids in-
ventory and smooth operation, while the transported lattice oxygen was
perfectly controlled by the oxygen feed in the AR [46,47]. In addition,
this control method allowed the isolated study of different variables,
such as oxygen-to-fuel ratio and temperature, while keeping the fluid
dynamic properties stable.

The variation in the amount of oxygen fed into the AR implied a
change in the FR exit gas composition. As can be seen in Fig. 3a, com-
plete combustion was achieved during the operation under CLC condi-
tions, with the fuel fully converted to CO2 and H20. At that time, the
oxygen balance ratio (¢), defined by equation (1) as the relation be-
tween the oxygen reacted in the AR and the oxygen in the FR exit gas
stream (oxygen in CO,, CO and H;0), was ¢ = 1, meaning that the ox-
ygen reacting in the AR with the oxygen carrier was equal to the oxygen
present in the exit gases at the FR outlet. At minute 35, the air flow fed
into the AR was replaced by an air/N3 mixture, which led to a rapid
decrease in ¢ since the oxygen reacted in the AR was much lower than
the oxygen present in the FR exit gas stream. This occurred because the
lattice oxygen present in the oxygen carrier was being consumed by the
reaction with the biomass. Beyond this point, the oxygen balance in the
whole system tended to equilibrate in such a way that the oxygen that

reacted with the oxygen carrier in the AR was fully used up in the FR for
the production of syngas, and the ¢ parameter value approached unity.
It can be observed in Fig. 3a that since the oxygen supplied in the AR was
less than that required for complete combustion, the FR exit gas stream
mainly comprised Hp, CO, CHy, CO5, and Hy0. The steady state in the
system was reached when the value of the ¢ parameter was equal to 1.
Table 3 shows the main possible reactions that can occur in both the FR
and AR.

1/2F 02 AR reac

__ “/2T02ARreac (@)
[2Fcor + Feo + Finol g ou

¢

2.4. Data evaluation

The effect of the operating conditions mentioned above was evalu-
ated by means of several parameters:

-Oxygen-to-fuel ratio, A: the ratio between the amount of oxygen fed
into the AR and the stoichiometric oxygen required for the complete
combustion of biomass to CO5 and H5O.

2F 02 AR in
)= AR 2

7,0 (2)

- Biomass conversion, Xp: the amount of carbon contained in the

biomass that is converted into gas, both in the FR and AR.

~ Ferrow + Fearou

X
b Fcp
_ [F co2 + Fco + Fena + xF cXHy} FRow (Feonarou 100 3
B 1000 r
12 bXc

- Carbon capture, nec: the fraction of carbon converted to gas in the
FR in relation to the total carbon converted in the system.

Fe R ou

Mee 100 4

Ferrou + Fearou

- Syngas yield, Y: the amount of Hy and CO generated in the FR in
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Table 3
Main reactions in the system.

FR

Biomass — char + tar (C,Hy,) + gases (H20, CO,, Hy, CO, CHy4, CiHy) R1
C + Hy0O - CO + Hy R2
C+ COy —» 2CO R3
CO + Hy0 < CO; + Hy R4
CHa/CyHy/CoH + H,0 %% CO,/CO + H, RS
CuO + CO/Hz/CH4/CxHy/ChHy, — Cuz0 + CO2/H20 R6
CuO — Cuy0 + 1/2 0y R7
2 CuO + Al,03 — 2 CuAlO; + 1/2 0y R8
CuO + CO/Hz/CH4/CxHy/ChHy, — Cu + CO2 + Ha R9
2 CuAl,04 — 2 CuAlO, + Al,O03 + 1/2 0, R10
CuAl;04 + CO/Hy/CH,/CHy/ChHy, — CuAlO; + Al;03 + CO2/H20 R11
CuAly04 + CO/Hy/CH,/CyHy/CrHpy — Cu + AlyO3 + CO2/H20 R12
Cuz0 + CO/H/CH4/CxHy/ChHy — Cu + CO2 + H20 R13
AR

2 Cu + 1/2 05 - Cu0 R14
C + O, - CO, R15
Cu0 +1/2 03 —» 2 CuO R16
Cu+1/2 03 - CuO R17
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relation to the biomass fed into the system:

Y=Y+ Yoo =24 22 )
H2 co Fb Fb

- Cold gas efficiency, ng: the fraction of chemical energy contained in
the gases exiting the FR in relation to the total energy contained in the
biomass:

Fg‘["R.aur'LHVg
=—=——=.100 6
e =" F,LHV, ©)
3. Results

In this work, about 45 h of oxygen carrier circulation at hot operating
conditions were achieved in the 1.5 kW, unit, of which ~ 30 h corre-
sponded to biomass gasification using pine sawdust as fuel. The main
operating parameters, such as the oxygen-to-fuel ratio (1) and temper-
ature, were varied to determine the optimal operating conditions. It is
worthy of note that the method used to control the oxygen reacted inside
the reactors allowed this study to be carried out under the same fluid
dynamic conditions. A summary of the experiments carried out and the
main results obtained is shown in Table 4. The data correspond to the
mean value obtained in each experimental condition over 5 h of
continuous operation in steady state conditions. One hour of operation
was also carried out before each experiment in order to achieve the
steady state. Oxygen carrier samples were regularly taken from the AR
and FR for further characterization, and tar samples were recovered and
quantified.

3.1. Evaluation of operating conditions

3.1.1. Effect of the oxygen-to-fuel ratio

The amount of lattice oxygen reacting with the fuel is one of the
parameters that most affects the gasification process. Obviously, when
the oxygen transported to the FR increases, less syngas is produced due
to the increase in the combustion of volatiles and other gasification
products (Hz and CO), which also reduces the energy contained in the FR
exit gas. In spite of this, the minimum amount of oxygen transported to
the FR will be determined by the minimum energy required to achieve
the autothermal state. In this respect, Samproén et al. [48] reported that
the necessary oxygen-to-fuel ratio for autothermal operation should be
around 0.3-0.35, although it mainly depended on the CH4 content of the
syngas.

In this work, the oxygen-to-fuel ratio was varied between 0.2 and
0.43, while the temperature and the steam-to-biomass ratio, S/B, were
kept constant at ~ 930 °C and 0.6, respectively. The gas composition
obtained in the FR and the main gasification parameters are shown in
Fig. 4.

When the oxygen-to-fuel ratio increased, the amount of Hy and CO
was reduced due to the higher combustion of these gases. The amount of
CH4 decreased very slightly owing to the effect of A, indicating that a
small amount of methane was burned by the lattice oxygen of the oxygen
carrier due to the lower reactivity of the oxygen carrier with CHy4 than
with Hy and CO under the given conditions. Evidently, the cold gas ef-
ficiency, ng, decreased from 85.9% to 68.9% when A increased from 0.2
to 0.43, an effect seen in all oxygen carriers tested by our research group
[11,12,17,31,46]. However, the amount of syngas (H; and CO) gener-
ated in this case was much higher than that obtained using other oxygen
carriers. Considering a typical value of oxygen-to-fuel ratio of ~0.3, the
syngas yield, Y, obtained with the Cul4Al_ICB material was 1.14 Nm>/
kg dry biomass (Fig. 4b). This yield was much higher than the values
found in previous studies using other oxygen carriers under similar
operating conditions, which were in the range of 0.4-0.9 Nm®/kg dry
biomass [11,12,17,31]. These differences are closely related to the
catalytic effect of the oxygen carrier on the methane reforming reaction,
which permits the conversion of CHy4 into Hy and CO. In this way, CH4
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Table 4
Summary of BCLG experiments with the Cul14Al_ICB oxygen carrier.
Test  Range Ter S/B A Gas composition (dry and N, free, mol/kg dry biomass) Xy MNee Ng Y
) Qo) (kg/ O co, co Hp CH, C G W %) D) (Nm*/kg)
kg)
1 8-14 820 + 0.64 0.31 12.6 £ 123 + 27.4 + 4.0 £ 0.44 + 0 91.3 + 73.0 + 75.0 + 0.89 +
6 0.4 0.3 0.5 0.3 0.15 2.5 0.1 3.0 0.01
2 16-21 880 + 0.67 031 141+ 145+ 27.6 + 32+ 0.35 + 0 905+ 80.2 + 74.3 + 0.94 +
6 0.7 0.9 1.0 0.2 0.02 3.4 0.7 2.9 0.04
3 27-32 930 + 0.66 0.20 149 £ 23.3 + 35.1 &+ 24+ 0.03 &+ 0 93.2 + 93.5 + 85.9 &+ 1.22 +
6 0.6 0.7 0.6 0.6 0.01 1.8 0.5 1.7 0.02
4 33-38 930 + 0.66 0.30 17.1 £ 19.6 + 31.3+ 23+ 0.03 + 0 93.9 + 93.1 + 80.5 + 1.14 +
6 0.3 0.5 1.2 0.5 0.01 4.0 0.2 21 0.03
5 40-45 930 + 0.61 0.43 18.0 £ 17.7 £ 259 + 1.9+ 0.03 &+ 0 94.6 + 89.0 + 68.9 &+ 0.98 +
6 0.5 0.8 0.3 0.1 0.01 2.9 0.3 1.9 0.02
40
a)
35 H,
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Fig. 4. Effect of oxygen-to-fuel ratio, A, on gas composition (a) and the main
gasification parameters (b). T ~ 930 °C, S/B ~ 0.6, F; ~ 12 kg/h. Tests 3, 4,
and 5.

contents of about 2 mol/kg were obtained for the Cul4Al ICB oxygen
carrier, a value much lower than those obtained using other oxygen
carriers (i.e., ilmenite, Fe-ore, MnGB, LD Slag, Fel0Al, and Fe20Al)
under the same operating conditions, where values of between 4 and 6
mol/kg dry biomass were usual [11,12,17,31]. To better know how far
these results are from the maximum possible value, Fig. 5 shows the
maximum theoretical syngas yield as a function of the oxygen-to-fuel

converted. If we compare the experimental results, it can be observed
that the syngas yield obtained with the Cul4Al ICB material is the
highest among all the oxygen carriers (Y = 1.14 Nm®/kg dry biomass),
with the exception of Nil18Al. However, it is well known that Ni-based
materials should not be used in this type of technology with solid fuels
as a consequence of their high cost and toxicity. It must be considered
that the production of a high yield of syngas instead of CHy is highly
positive in the BCLG process if the goal is to produce syngas as a raw
material for the subsequent production of chemicals or biofuels via FT.
As will be shown below, the reason for the high methane conversions
was the presence of Cu®, which catalyzed the methane reforming reac-
tion (R5). It is well known that some metallic compounds, such as Fel or
cu®, have the ability to catalyze the methane reforming reaction
[40,49]. The reduction up to the metallic species of most of the metal
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oxides in oxygen carriers is limited by thermodynamics under BCLG
conditions [31]; however, the reduction pathway of Cul4Al_ICB leads to
a direct reduction of CuyO/CuO/CuAl,04 to cu® (R9, R12, R13) as
demonstrated in a previous study carried out by our research group
[43].

With regard to the effect of the oxygen-to-fuel ratio on the other
gasification parameters, biomass conversion, Xj, was kept always high
(~94 %). Carbon capture, ncc, decreased from 93.5% to 89.0% when A
increased from 0.2 to 0.43, meaning that more char was burned in the
AR (R15) when more oxygen was fed into this reactor. Finally, cold gas
efficiency decreased from 85.9% to 68.9% when A increased from 0.2 to
0.43.

3.1.2. Effect of temperature

Another important operating parameter in BCLG is gasification
temperature. The experiments in this study were carried out at three FR
temperatures (820 °C, 880 °C, and 930 °C), while the AR temperature
was kept around 40 °C higher than the FR. The oxygen-to-fuel and
steam-to-biomass ratios were kept at ~0.3 and ~0.6, respectively. Fig. 6
shows syngas composition and the main operational parameters ob-
tained in the tests carried out at the different gasification temperatures.

The increase in gasification temperature from 820 °C to 930 °C
greatly enhanced syngas generation, raising Hp and CO values from 27.4
to 31.0 mol/kg dry biomass and from 12.3 to 19.3 mol/kg dry biomass,
respectively. The amount of C;-C3 was reduced as the temperature
increased, unlike in previous studies carried out by our research group
with other oxygen carriers where it was observed that C;—C3 were hardly
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Fig. 6. Effect of temperature on gas composition (a) and the main gasification
parameters (b). A ~ 0.3, S/B ~ 0.6, Fs ~ 12 kg/h. Tests 1, 2 and 4.
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affected by temperature [12,17,46]. However, it agrees with the results
obtained in a previous work where there was a demonstrated rise in the
catalytic effect of Cu® on the CHy4 reforming reaction when temperature
increased [43]. In fact, to the best of our knowledge, the lowest CHy4
molar flow values obtained in the FR exit gas while operating under
BCLG conditions were found in this study (~2.3 mol/kg dry biomass at
930 °Q). It is also remarkable that negligible amounts of Cp-C3 were
detected at 930 °C. As a result of high CH4 conversion, high syngas yield
values were obtained. Another factor affecting the increase in syngas
yield was enhancement of the char gasification reaction (R2, R3) due to
temperature. This produced an increase in the carbon capture, ncc, from
73.0% to 93.1% (see Fig. 6b). As a result of the increase in the char
gasification reaction rate and CH4 conversion, syngas yield increased
from 0.89 Nm®/kg dry biomass at 820 °C to 1.14 Nm®/kg dry biomass at
930 °C. Furthermore, biomass conversion was very high at all three
temperatures (~90 to ~ 95%), and cold gas efficiency increased slightly
from 75.0% to 80.5% because syngas generation was partially offset by
the decrease in CHy.

Therefore, it can be concluded that high temperature operation in
the FR (>900 °C) implies benefits for the BCLG process, such as higher
syngas yields and increases in the carbon capture, ncc, and cold gas ef-
ficiency, 1g.

3.2. Tar concentration in syngas

Tars are large molecular compounds produced by the pyrolysis of
biomass (R1). These compounds are responsible for reactor corrosion
and the deactivation of catalysts used in syngas processing [50]. Hence,
initial tar removal prevents problems in downstream processing steps. It
is well known that the presence of oxygen carriers has a significant effect
on tar removal, which is one of the advantages of BCLG over conven-
tional gasification. Virgine et al. [51] demonstrated a decrease in tars
during biomass gasification from 17 g/Nm?® to 5.1-8.3 g/Nm> when
olivine was used instead of sand as the fluidized bed material, and a
further reduction to 2.6-4.2 g/Nm®> when iron was added to the bed
material. The oxygen carriers in BCLG play a multifunctional role in tar
removal since they act both as catalysts and as lattice oxygen providers
[52,53]. Their effect on tar removal is directly related to the degree of
oxygen carrier conversion [52]. Thus, reduced phases of metal oxides
could act as catalysts for reforming and cracking reactions (R5), while
oxidized phases could react directly with the tar, burning it (see Reac-
tion R6). However, it should be considered that although completely
reduced metal compounds could also have a strong catalytic effect on
tar, it is difficult to reach such states of reduction in BCLG due to ther-
modynamic limitations. Thus, the most common strategy for tar removal
is to operate at high temperatures that promote tar cracking [12,46].

In this work, the tars produced at the three FR operating tempera-
tures (820 °C, 880 °C, and 930 °C) were recovered following the Euro-
pean Tar Protocol [45]. Twenty compounds were identified and
quantified in a gas chromatograph coupled to a mass spectrometer. The
total amount of tars ranged from 3.85 g/kg dry biomass at 820 °C to
0.35 g/kg dry biomass at 930 °C. These values correspond to 3.02 and
0.22 g/Nm® of gas on a dry basis and without Ny, respectively. There-
fore, gasification temperature was revealed to be an important operating
parameter that affected tar removal, particularly with the Cul14ALICB
oxygen carrier.

The distribution of tar compounds is shown in Fig. 7. Naphthalene
was always the major compound at any temperature, accounting for
almost half of the total tar generated, followed by phenanthrene and
benzene. Other compounds, such as acenaphthylene, acenapththene,
and fluorene, were also found, but in smaller quantities. As far as we
know, the tar content obtained at 930 °C using the Cu14Al_ICB material
is the lowest value obtained in BCLG continuous operation. Until this
time, values of 1.3-1.8 g/kg dry biomass were usual under similar
working conditions using synthetic Fe/Al-based oxygen carriers [31].
Other cases of low tar generation in BCLG were achieved using
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Fig. 7. Tar generation in BCLG using the Cul4Al_ICB oxygen carrier at three temperatures (820 °C, 880 °C, and 930 °C). A ~ 0.3, S/B ~ 0.6. Tests 1, 2 and 4.

Norwegian ilmenite at 940 °C (~2.6 g/kg dry biomass) [11]. Values of
~1.5 g/kg dry biomass and ~5 g/kg dry biomass were seen using LD
slag waste and an Fe-ore, respectively [12,17]. Finally, large amounts of
tar were formed when a manganese ore from Gabon was used (13 g/kg
dry biomass). In this regard, from the continuous operation data
currently available in the literature, Cul4Al ICB seems to be the oxygen
carrier that enabled the highest level of tar removal. In fact, the results
obtained in this work are closer to the tar values obtained under CLC
operation [54-56].

3.3. Oxygen carrier characterization

In addition to the thermal stress caused by high operating tempera-
tures, the oxygen carrier in the BCLG process also suffers from chemical
stress caused by redox cycles under a highly reducing atmosphere. As a
consequence of this atmosphere, the vulnerability of the oxygen carriers
studied to date increased in BCLG, in comparison with CLC. As a result,
the solid particles used in gasification weaken when subjected to the
collisions with reactor walls and with each other, releasing fine parti-
cles. Small particles not only cause bed defluidization problems, but they
also undergo elutriation and exit the unit. The solids inventory in the
system is therefore reduced and must be replenished.

In this work, the Cul4Al ICB oxygen carrier showed good fluidiza-
tion behavior throughout the entire operation campaign. The smooth
fluidization of the oxygen carrier allowed a constant circulation rate of
Fs ~12 kg/h to be maintained at all times with no sign of agglomeration.

Attrition rate (A), described in equation (7) as the percentage of fine
particles released from the oxygen carrier per hour, has been one of the
main parameters used to determine oxygen carrier stability [57].

my
m; At

A (wi%/h) = —2—.100 @)

where my is the mass of elutriated particles with a particle size lower
than 40 pm for a particular period of time, At, and my is the total mass of
solids inventory in the unit.

In this work, attrition was measured by collecting fine particles (<40
pm) in downstream cyclones and filters as function of operating time.
Fig. 8 shows that during the first 10 h of operation, attrition rate was
high as a result of the detachment of fines produced during the oxygen
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Fig. 8. Attrition rate of the Cul4Al ICB oxygen carrier.

carrier preparation process and the rounding of the particles. In the
following hours, the attrition rate decreased and remained stable for the
rest of the operating time, 30 h, with a value of ~ 0.012 wt%/h. This
value was much lower than that obtained using the same oxygen carrier
for the combustion of CH4 in two different prototypes of 1 and 10 kWy,
[38,39,59,61]. This is remarkable as most studies on gasification to date
report an increase in oxygen carrier attrition rate compared to
combustion.

Table 5 compares the combustion and gasification attrition rates of
different oxygen carriers. Although such data are limited, it can be seen
that particle attrition rate is usually reduced by at least half for most
solids when performing CLC, compared to BCLG operation. All the low-
cost materials (Ilmenite, Tierga Fe-ore, and MnGB Mn-ore) showed a
strong increase in the particle attrition rate with respect to CLC. For the
FeAl synthetic oxygen carriers under gasification conditions, an increase
in the particle attrition rate was also found (from 0.09 wt%/h to 0.3 wt
%/h), although it could be improved by decreasing the Fe content [31].
On the contrary, Cul4Al_ICB oxygen carrier showed low attrition rates
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Table 5
Comparison of attrition rates (Wt%/h) in CLC and BCLG for different oxygen carriers.
CLC BCLG
Fuel Operation Ter (C) attrition Ref. Fuel Operation Ter (C) attrition rate Ref.
(h) rate (h) (wt%/h)
(wt%/h)
Ilmenite CH4/CO/Hy 56 900 0.076 [20] Pine wood 75 820-940 0.16 [11]
Tierga Syngas/CHy/ 50 830-880 0.05 [21] Pine wood 45 820-940 0.33 [12]
PSA
Coal 50 875-930 0.1 [23]
MnGB - - - - - Pine wood 54 820-930 0.62 [12]
LD Slag Syngas/CH4 - 800-950 0.9-0.6 [19] Pine wood 60 820-930 0.30 [17]
Olive stone
Almond
shell
FelOAl - - - - - Pine wood 50 820-940 0.9 [31]
Fe20Al CH4/HoS 900 0.091 [58] Pine wood 52 820-940 0.3 [46]
Fe25Al1 - - - - - Pine wood 50 820-940 0.11 [31]
Cul4Al_Commercial CH4 125 800-900 0.020 [59] - - - - -
CH4 160 900 0.014 [60]
Cul4ALICB CH4 200 800 0.04 [37,38,59] Pine wood 45 820-930 0.013 + This
CH4 60 800 0.09 [39] 0.001 work
CH4 40 900 >0.25 [39]
CH4 40 800-880 0.02 [61]

for both BCLG (0.013 wt%/h) and CLC (0.09 wt%/h — 0.02 wt%/h), but
higher for CLC. It should be pointed out that the attrition rates obtained
with the Cul4ALICB in CLC were mostly achieved at temperatures of
about 800 °C, whereas BCLG was performed under higher temperatures.
This indicates that Cul4Al ICB working under BCLG conditions is also
resistant to a higher thermal stress. In fact, the particle attrition rate of
this material is the lowest found for any oxygen carrier used in BCLG.
Comparing the results of this study with other works on BCLG, this value
was seen to be much lower than those obtained under similar conditions
using manganese (0.62 wt%/h) and iron ores (0.33 wt%/h), ilmenite
(0.16 wt%/h), LD Slag waste (0.33 wt%/h), and even synthetic FeAl
oxygen carriers (0.9 wt%/h to 0.11 wt%/h).

The high resistance to attrition and fragmentation of this material
under CLG conditions could be explained by the understanding of the
different possible interactions between copper and alumina, and the
conversion variation of the oxygen carrier. Two main reasons were
identified as responsible for the high resistance: (1) On the one hand,
BET surface area and BJH mesoporosity decreased with operation time
due to particle sintering (see Supplementary Material, Fig. S1, and

Table S1), which led to a reduction in total pore volume. However, the
mechanical resistance of the material was maintained due to the
decrease in low chemical stress taking place when the operation
occurred at low variations of oxygen carrier conversion AXg [41-42].
This limited the effect of the redox cycles and preserved the integrity of
the oxygen carrier. (2) On the other hand, it has to be considered that the
high level of interaction between the support and copper compounds in
the formation of aluminates could promote chemical stress in the oxygen
carrier. Aluminate formation causes volumetric changes in the particles,
weakening the oxygen carrier. In addition, previous studies showed that
specific conditions lead to the formation of CuAlO; (R8, R10, R11), a
compound that is characterized by deactivating oxygen carriers owing
to the difficulty with which it is reoxidized [42]. However, according to
Cabello et al. [41], the preferred pathway for the formation of this
compound was through oxygen uncoupling from CuAl,O4 (R10). In
BCLG the oxygen carrier was highly reduced and CuAl,04 was not
formed because the oxygen fed into the AR was limited (~3 vol% of Oy),
which also hindered the formation of CuAlO; at the oxidation stage.
Fig. 9 shows the XRD profiles of fresh and used samples extracted
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Fig. 9. XRD profiles of FR, AR, and fresh samples of the Cul4AlICB. S/B ~ 0.6, T ~ 930 °C, A ~ 0.3.
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from the FR and AR in test 4. The fresh oxygen carrier had CuAl,04 and
CuO as oxidized phases. The reduction in the FR of both CuAl;04 and
CuO to metallic copper, Cu’, was due to the highly reducing atmosphere.
In contrast, the oxidization of Cu® in the AR was limited to CuyO
(cuprite), which was the only oxidized compound found in used samples
due to the limited oxygen explained previously. CuO, CuAl,O4, and
CuAlO; were not detected at any time in the oxidized samples, indi-
cating that Cup0/Cu® was the redox pair acting as the oxygen carrier at
steady state conditions. Therefore, under these conditions, the Cul4A-
LICB reduction pathway occurs without the interference of alumina or
the formation of copper aluminate, which corroborates the reaction
pathways previously proposed by our research group [42]. Conse-
quently, crushing strength was kept almost constant during the experi-
mental campaign (2.5 N for fresh samples and 2.3 N after 45 h of

15 h of operation
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circulation). Fig. 10 also shows that the microstructure of the particles
remained unaltered throughout the 45 h of continuous operation. As can
be seen in this figure, the external structure of fresh oxygen carrier
particles shows an irregular shape, with very fine copper particles
adhering to its surface due to the impregnation process. The oxygen
carrier particles became rounded over the duration of the cycles, while
the fine copper particles became detached from the surface at the
beginning of the campaign, causing the high attrition rate observed
during the first hours of operation. No cracks or gaps were seen in the
external layer, which showed good integrity during the entire operation
campaign.

Copper sintering, a phenomenon that typically affects this oxygen
carrier under CLC conditions at high temperatures, was not observed in
the internal view of cut particles, agreeing with the previously

45 h of operation

Fig. 10. SEM-EDX photographs of the fresh and used samples of the Cul4Al ICB. (a—) whole, (d) cut, and (e-f) EDX mapping of cut particles.

10
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mentioned behavior of Cu speciation since CuAl,O4 formation was
avoided. The evolution of the Cu® crystalline size over the operation
time was obtained by XRD analyses (see Supplementary Material,
Fig. $2). This Cu® crystalline size was found to have remained practically
constant during the operation, which indicated that no sintering had
occurred at any temperature under these reducing conditions. Although
a bright layer was observed in the external part of cross section images,
EDX determined that the copper was evenly distributed and that its
higher concentration over the external layer was not significant, as
shown in Fig. 10. This agrees with the results obtained by Cabello et al.
[41], who stated that operating with low AX; values under a highly
reducing atmosphere limited the degree of copper migration as well as
the chemical stress to which the particles were subjected and, conse-
quently, copper loss was also minimal at these conditions.

To test the reduction reactivity and oxygen transport capacity of the
oxygen carrier after operation, the oxygen carrier conversion, X, of the
used particles was determined in a TGA by oxidizing the samples with
air and then reducing them with a mixture of 15 vol% Hj and 20 vol%
H,0 (N5 balance) at 950 °C. As can be seen in Fig. 11, the reduction
reaction rate of the oxygen carrier particles was very fast, and not
affected by the decrease in BET specific surface area and mesoporosity,
and an oxygen carrier conversion above 90 % was achieved in ~ 10 s for
the four samples. The great reactivities observed for all samples are
probably related to the uniform distribution of copper in the particles
shown by SEM images. In addition, the oxygen carrier transport ca-
pacity, Roc, was maintained throughout the campaign, indicating the
absence of inert compounds such as CuAlO5 and no copper losses. This
was corroborated by ICP-OES analysis, which showed that 11 wt% of
elemental Cu (14 wt% expressed as CuO) remained in the oxygen carrier
throughout the entire operation campaign. Additionally, XPS analyses of
the extracted samples were performed to detect the presence of ash el-
ements that could interact with the oxygen carrier particles. The XPS
spectrum (Fig. S3, Supplementary Material) showed that very low
amounts of Ca and K were accumulated after 45 h of operation. Detailed
concentrations of elements present in the oxygen carrier samples taken
at the end of the campaign can be found in Table S2, Supplementary
Material. These results are in good agreement with the ICP-OES analysis
of the biomass, since the pine sawdust had a low ash content that mainly
comprised Ca (0.16 wt%) and K (0.06 wt%), with the remaining ele-
ments below detection limits. Consequently, the reactivity of the oxygen
carrier was unaffected, as can be seen in Fig. 11. Similarly, sulfur
compounds were not detected due to the low S concentration in the
biomass.

The characterization of the Cul4AlICB oxygen carrier and the
promising behavior it has shown at bench scale demonstrate that this
material can be considered to be one of the most suitable oxygen carriers
for use in BCLG processes to generate syngas for the subsequent pro-
duction of bioliquid fuels or chemicals.

4. Conclusions

A 14 wt% CuO over alumina oxygen carrier prepared by the incipient
wetness impregnation method was tested in a 1.5 kWy, BCLG unit.
Operational conditions, such as oxygen-to-fuel ratio and gasification
temperature, were varied to analyze the behavior of the oxygen carrier
on syngas composition and gasification process parameters. It was found
that a decrease in the oxygen-to-fuel ratio increased syngas yield (H; and
CO), whereas an increase in gasification temperature improved char
gasification, also enhancing syngas generation. Additionally, high Hy
and CO molar flows were obtained due to the catalytic effect of Cu® over
CH4 and light hydrocarbon reforming reactions. In fact, the amount of
syngas, Hp + CO, obtained using the Cul4Al ICB oxygen carrier was
close to the maximum that could theoretically be obtained.

The oxygen carrier had a high catalytic effect on tar removal,
reaching tar concentration values in the syngas similar to those obtained
by operating under CLC conditions.
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Fig. 11. Reduction reactivity of oxygen carrier particles used for different
operation times in the BCLG unit. Reducing gas: 15 vol% Hj, 20 vol% H,0. T
=950 °C.

Neither copper losses nor agglomeration were observed during
operation. The oxygen carrier particles were very resistant to attrition
and fragmentation, with an attrition rate of 0.013 wt%/h, which is the
lowest value obtained to date for an oxygen carrier working under BCLG
conditions.

The Cul4AlICB oxygen carrier has proven to be an excellent mate-
rial for the BCLG process given that it generates high amounts of syngas
with very low molar flows of CHa, light hydrocarbons, and tar
compounds.
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ABSTRACT

Biomass Chemical Looping Gasification (BCLG) is a promising route to obtain N, free high purity syngas.
In this work, heat and mass balances were solved to determine the auto-thermal operation conditions
that maximize the syngas yield in a BCLG system. A Fe-based oxygen carrier and pine wood as fuel were
considered for the simulation. Two methods to control the transference of oxygen between the air
reactor (AR) and fuel reactor (FR) were analysed. Syngas yield was higher controlling the oxygen fed to
the AR by the air flow (OCM-1) than controlling the oxygen supplied to the FR by the oxygen carrier
circulation flow (OCM-2).

The influence of different operating parameters, such as oxygen carrier transport capacity, preheating
of gases fed to the system, steam/biomass ratio, fuel reactor temperature, was also analysed. It is
noteworthy that working with OCM-2 it is necessary to optimize the amount of active phase in synthetic
oxygen carriers or to dilute the natural oxygen carriers (ores, wastes) with an inert material to maintain
realistic temperature difference values between reactors. Therefore, it is recommended to operate with
the OCM-1 as it has the advantages of a more flexible operation and the possibility of obtaining pure N;.

© 2021 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND

license (http://creativecommons.org/licenses/by-nc-nd/4.0/).

1. Introduction

The Paris Agreement set for the end of the century a maximum
increase in global temperature of the planet of 2 °C regarding
preindustrial levels, and makes efforts to limit it under 1.5 °C [1].
Carbon dioxide emissions from transport sector were responsible
for nearly a quarter of total greenhouse gases emitted in 2019 in the
European Union, following the power sector as the major contrib-
utor to Climate Change [2]. Greenhouse gas reduction actions in
this sector focus mainly on replacing fossil fuels by low-carbon
energy sources. The use of biofuels, both for terrestrial and avia-
tion, is an interesting way to decarbonize transport sector, and it is
expected to reach 30% biofuel consumption by transport by 2060
[3]. In this sense, Biomass Chemical Looping Gasification (BCLG) is a
promising route to obtain N; free high purity syngas (mainly CO
and Hy), which could be transformed into liquid fuels through a
Fischer-Tropsch process [4].

In BCLG a solid oxygen carrier is used to transport heat and
oxygen between two interconnected reactors, Fuel Reactor (FR) and

* Corresponding author.
E-mail address: ldediego@icb.csic.es (L.F. de Diego).

https://doi.org/10.1016/j.energy.2021.120317

Air Reactor (AR). Biomass is gasified in the fuel reactor through
endothermic reactions and the oxygen carrier is reduced by partial
combustion of the syngas produced. The reduced oxygen carrier
goes to the air reactor where it is regenerated by oxidizing it with
air, and heat is generated due to the exothermic character of
oxidation reactions. Thus, the energy needed for endothermic re-
actions in fuel reactor is supplied by the hot oxygen carrier coming
from the air reactor, avoiding the need of an external power input.
Therefore, heat balance is a key issue in the BCLG process, deter-
mining the conditions to operate without external power sources.
Moreover, heat generation and syngas quality are directly related to
the oxygen transferred from the air reactor to the fuel reactor. This
makes necessary to solve the mass and energy balances simulta-
neously to establish the operating conditions that maximize the
syngas production while maintaining the auto-thermal state of the
BCLG system.

To control the oxygen transferred between the reactors, two
strategies have been the most used in BCLG research in continuous
units, referred to in this paper as Oxygen Control Method 1 (OCM-
1) [5,6] and Oxygen Control Method 2 (OCM-2) [7—10].

OCM-1. The oxygen-to-biomass ratio, A, was controlled by
limiting the oxygen fed to the air reactor by the air flow (Fo2 AR in),
i.e. controlling the global air-to-fuel ratio in the whole system (see

0360-5442/© 2021 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
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Nomenclature

Cpi specific heat of component i (k]J/kmol K)
Fapo3 molar flow of Al,05 (kmol/s)

Fp flow of dry biomass fed into the system (kg/s)
Fre203 molar flow of Fe,05 (kmol/s)

Fre304 molar flow of Fe30,4 (kmol/s)
Freo molar flow of FeO (kmol/s)

Ferrour ~ molar flow of gas leaving the fuel reactor (kmol/s)
Fozarin  molar flow of O, fed into the air reactor (kmol/s)
Fo2arout Mmolar flow of O, leaving the air reactor (kmol/s)
Fs oxygen carrier circulation flow (kg/s)

Gs specific solids circulation rate (kg/m?s)

h; enthalpy of component i (kJ/kmol)

hoi standard enthalpy of component i (kJ/kmol)
LHV}, low heating value of the biomass (kJ/kg)

LHV, low heating value of the produced gas (kJ/kmol)
Maio3 molecular weight of Al,05 (kg/kmol)

Mre203 molecular weight of Fe,03 (kg/kmol)

nj number of moles of component i (kmol)

Qair flow of air (Nm?/s)

Qco flow of CO (Nm?/s)

Qg.ar flow of gas in the air reactor (Nm?/s)

Qua flow of H, (Nm?/s)

Q2 flow of N, (Nm?/s)

Roc oxygen transport capacity of the oxygen carrier (—)

SAR air reactor section (m?)

T temperature (°C)

Ter fuel reactor temperature (°C)

UaAR superficial gas velocity in the air reactor (m/s)

XaAR oxygen carrier conversion at the outlet of the air
reactor (—)

XFe203 Fe,03 content in the oxygen carrier when it is
completely oxidized (kg/kg)

Xer oxygen carrier conversion at the outlet of the fuel
reactor (—)

Xi fraction of component i in the biomass (kg/kg)

Xs oxygen carrier conversion (—)

Y syngas yield (Nm>/kg dry biomass)

Yco CO yield (Nm?/kg dry biomass)

Yio H, yield (Nm?/kg dry biomass)

AHar variation of enthalpy in the air reactor (KkJ)

AHpc g variation of enthalpy in the global system (kJ)

AHgg variation of enthalpy in the fuel reactor (kJ)

AXg variation of oxygen carrier conversion (—)

Qp oxygen demand for the complete combustion of the
biomass (kmol O/kg dry biomass)

Mg cold gas efficiency (%)

A oxygen-to-biomass ratio (—)

Fig. 1a). In this case, all the oxygen fed to the air reactor is trans-
ferred to the fuel reactor as lattice oxygen in the oxygen carrier and
the solids circulation flow must be high enough to maintain the

Surplus
a) Energy

Surplus
Energy

OCM-1

Syngas,
H,,CO,
H,0,Co,

Surplus
Energy

Surplus
b) Energy

Syngas,
H,,CO,
H,0,Co,

Biomass ) !

H,0 Ty

Fig. 1. Diagrams of the Biomass Chemical Looping Gasification process. a) Oxygen
control by controlling the oxygen fed into the AR (OCM-1), b) Oxygen control by
controlling the solid circulation flow (OCM-2).

variation of the oxygen carrier conversion lower than 1 (AXs < 1,
Fo2ArRout = 0). The main advantages of this method are that the
oxygen transferred from the air reactor to the fuel reactor does not
depend on the solid circulation flow, allowing high flows of oxygen
carrier circulation, and the possibility of obtaining pure nitrogen in
the outlet stream of the air reactor. The main drawback is that a part
of the obtained nitrogen needs to be recirculated into the air reactor
to regulate and control the gas velocity in this reactor.

OCM-2. The oxygen-to-biomass ratio, A, was controlled by
limiting the oxygen supplied to the fuel reactor by the oxygen
carrier circulation flow (Fs), i.e. the amount of oxygen transferred to
the fuel reactor only depended on the oxygen carrier circulation
flow for a given oxygen carrier. Therefore, the oxygen carrier cir-
culation flow was fixed for a given oxygen-to-biomass ratio (see
Fig. 1b). In this case, the global air-to-biomass ratio fed to the air
reactor is higher than the oxygen-to-biomass ratio transferred to
the fuel reactor. Therefore, excess of oxygen is found in the outlet
stream of the air reactor.

The main objective of this work was to analyse the influence of
the method used to control the oxygen transferred between the
reactors on the heat balance of the BCLG system, to determine the
auto-thermal operating conditions that maximize the synthesis gas
production and, therefore, the cold gas efficiency. In addition, the
influence of different parameters, such as oxygen carrier circulation
flow, active phase content in the oxygen carrier, preheating of gases
fed to the system, CH4 formation, fuel reactor temperature, and
steam/biomass ratio (S/B), was also analysed.

2. Theoretical calculation of the BCLG process

The main objective of the BCLG process is to maximize the
syngas yield (Y), and as a result the cold gas efficiency (ng). The
syngas yield shows the amount of Hy+CO produced per unit of
biomass fed into the system (Nm?>/kg), and the cold gas efficiency
represents the fraction of chemical energy contained in the syngas
over the total energy contained in the biomass.



1. Sampron, LE de Diego, F. Garcia-Labiano et al.

Qn2 | Qco
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The main operating parameters affecting the BCLG process are
the fuel reactor temperature, Tgg, the steam-to-biomass ratio, S/B,
and the oxygen-to-fuel ratio, A [5—7, 11,12]. This latter ratio is
defined as the amount of oxygen reacted in the air reactor with
respect to the stoichiometric oxygen required for complete com-
bustion of biomass (equation (3)), being Q, the oxygen demand for
the complete combustion of the biomass, which is calculated
considering its elemental composition:

S 2(Foz ar.in — Fo2 AR out) 3)
Fb.Qb
32 16 32 1000
Qp= (XCﬁ+XH7+XS§_XO) 16 (4)

A value of A equal to 1 corresponds to the theoretical stoichio-
metric oxygen needed to obtain complete combustion of the
biomass to CO; and H,O0. Therefore, A values lower than 1 must be
used for the BCLG process.

To determine the auto-thermal operating conditions that
maximize syngas yield in the BCLG system, mass and heat balances
were done. Fig. 1 shows the general schemes of the two systems
considered in this work, which were mainly composed of air and
fuel reactors and heat exchangers for preheating the gases fed to
the process.

In OCM-1, a constant solid circulation flow between the fuel and
air reactors was considered. It was assumed that the oxygen carrier
was completely reduced at the exit of the fuel reactor [5,6] and part
of the pure N, generated in the air reactor was recirculated
(AXs < 1, Fo.ARout = 0). In OCM-2, a variable solid circulation flow
was used and excess of oxygen was obtained at the air reactor
outlet stream. It was assumed that the oxygen carrier was
completely oxidized at the exit of the air reactor and completely
reduced at the exit of the fuel reactor (AXs = 1, Fop ar out> 0).

For the study, a typical biomass, pine wood, with the composi-
tion shown in Table 1, and a Fe-based oxygen carrier (Fe;03/Al;03)
were selected because they have been the most used in BCLG tests
[5-9,12—21].

With these materials, the main reactions occurring in the fuel
and air reactors are shown in Table 2. It has been assumed that the
reaction paths follow the Fe,O3;—Fe304—FeO scheme, with FeO
being the most reducing compound that is thermodynamically
possible under BCLG conditions.

Table 1
Pine wood biomass composition.
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2.1. Mass and heat balances in the BCLG system

The mass balance in the BCLG system, based on the oxygen-to-
biomass ratio (1), was calculated as

Fs XFe203

Fb.Qb.A
AXs =
Mrez03

= (5)

where the variation of the oxygen-carrier conversion between the
fuel and air reactors, AXg, was defined as:

AXs=Xar — Xpr (6)

being Xar and Xgg the oxygen-carrier conversion at the outlet of the
air and fuel reactors, respectively.

The molar flows of the different compounds, Fe;03, Fe304 and
FeO, were obtained as a function of AX; (Xs = 1, the oxygen carrier is
completely oxidized as Fe;03; X; = 0, the oxygen carrier is
completely reduced as FeO) by the following equations:

For Xs < 2/3

Fre203 =0 (7)
Fs.x
Fre304 :ﬁ.AXS (8)
e.
Fs.x
Freo =22 (2 — 3AX;) 9)
MEe203
For Xs > 2/3
Fs.x
Frez03 = =22 (30X = 2) (10)
€.
2 Fs.x
Fresos === 2 2.(1 - AX;) (11)
e.
Freo=0 (12)

Furthermore, the molar flow of the inert of the oxygen carrier
was calculated by the equation:

Fs.(1 — Xre203) (13)

Faposz = Mapos

It was assumed that the molar flows of gaseous products (CO,
CO3, Ha, H20, CHy) at the exit of the fuel reactor generated by the
reactions shown in Table 2 were in thermodynamic equilibrium.
This equilibrium composition was determined using the HSC
Chemistry 6.1 software, which used the method of minimization of
the Gibbs free energy in the system.

Proximate analysis (wt%, as received)
Moisture

Ashes

Volatile matter

Fixed carbon

Ultimate analysis (wt%, dry basis)

C

H

N

S

O (by difference)

Low Heating Value, LHV (k]/kg dry biomass)
Qp, (mol O/kg dry biomass)
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Table 2

Energy 226 (2021) 120317

Main reactions in the BCLG process for a biomass and a Fe-based oxygen carrier.

Reactions

AHaosx (kJ/mol)

Fuel reactor

biomass — char (C) + tar + gases (H,0, CO,, H,, CO, CHy)
C+ H20y — CO + Hy

C+CO, —» 2CO

12 Fe;03 + CHy — 8 Fes04 + 2H20(v) + CO;
4 Fe304 + CHy — 12 FeO + ZHZO(\,) + COy
3 Fe;03 + Hy — 2 Fe304 + Hz0(y)

Fe304 + Hy — 3 FeO + HyO()

3 Fe;03 + CO — 2 Fe304 + CO2

Fe304 + CO — 3 FeO + CO,

3 Fe;03 + CHy4 — 2 Fe304 + CO +2H,

Fe304 + CH4 — 3 FeO + CO +2H,

CH4 + H20() — CO + 3H,

CH4 + CO; — 2 CO + 2H,

CO + HzO(V) < CO, + Hy

Air reactor

6 FeO + O, (air) — 2 Fe304 (+N3)

4 Fe304 + O, (air) — 6 Fe,03 (+Ny)

>0 R1
1313 R2
1724 R3
141.6 R4
406.7 R5
-5.8 R6
60.4 R7
—47.0 R8
19.3 R9
200.3 R10
266.6 R11
206.2 R12
2473 R13
—41.1 R14
—604.5 R15
—472.0 R16

The heat balance for the BCLG system was solved simulta-
neously to the mass balance to determine auto-thermal operation
conditions considering the two above-mentioned methods for
controlling the oxygen-to-biomass ratio, OCM-1 and OCM-2.

The following assumptions were made in both cases:

- Biomass fed to the fuel reactor equivalent to 1 MW,

- The BCLG system was at a steady state.

- The biomass was completely converted inside the fuel reactor.
No char passed from the fuel reactor to the air reactor.

- Heat losses were not considered.

- The temperature in the fuel reactor was kept constant at 900 °C.

- The gases fed to the air and fuel reactors were preheated up to
450 °C. These gases were preheated with the sensible heat of the
gas outlet streams of both reactors.

- The gas outlet streams of both reactors were cooled to 100 °C.
Latent-heat of water condensation and sensible heat contained
in gases cooled to below 100 °C were considered as non-
recoverable heat.

- The fresh oxygen carrier contained 20 wt% of Fe;03 supported
on alumina. Ryc = 2.0, assuming the global Fe;03/FeO redox pair.

- The inert support transfers sensible heat between reactors
without participating in the reactions.

With these assumptions the heat balance over the BCLG process
was solved taking into account the enthalpy associated with all
gases and solids inside the system.

AHpcrc = AHpr+ AHaR (14)

AHpr and AHag being the variation of enthalpy associated with
the gases and solids in the fuel and air reactors, respectively, and
AHpgci the variation of enthalpy in the global system, which were
calculated as:

AHFR: Zn,-.h,- (15)
AHpr=> nih; (16)
T+273
h; =hg; + Cpi(T) dT (17)
298

The thermochemical data of the different compounds were
adopted from Barin [22].

Depending on the operation conditions, an excess of heat could
be generated in the BCLG system, here referred as “surplus energy”.
This heat excess cannot be directly used in the process but could be
used for energy production or steam/energy demands in a side
process.

3. Results and discussion

Regardless of the method used to transfer oxygen from the air
reactor to the fuel reactor (OCM-1 or OCM-2), the composition of
the gas product at the outlet of the fuel reactor is clearly affected by
the amount of oxygen transported between reactors. As an
example, Fig. 2 shows the gas product composition in the ther-
modynamic equilibrium at the fuel reactor outlet as a function of
the oxygen-to-biomass ratio, A, at a fuel reactor temperature of
900 °C and a S/B ratio of 0.6. It is also shown the syngas yield and
cold gas efficiency corresponding to that gas composition. As can be
seen, when there is no oxygen transport from air reactor to the fuel
reactor (A = 0), H, and CO account for approximately 50 vol% and
36 vol% of the total gas, respectively. An increase in A promotes the
oxidation of CO and H;, to CO; and H,O, achieving the highest
concentrations of CO, and H;O (complete combustion) for A
values > 1.

In this sense, the best performance values (gas composition,
syngas yield and cold gas efficiency) would be obtained when no
oxygen is introduced into the BCLG system. In this case, cold gas
efficiencies higher than 100% could be obtained, but an external
heat supply would be required. However, to operate under auto-
thermal conditions it is necessary to generate heat in the system,
which must be supplied by oxidation of a part of the syngas
generated. Therefore, A values greater than zero are necessary to
make the process self-sufficient, which will reduce the syngas yield
and the cold gas efficiency.

3.1. Effect of the oxygen control method

The method for controlling the oxygen used in syngas produc-
tion has relevant consequences on the BCLG process. Fig. 3 shows
the heat balance in the BCLG system, defined by AHpc ¢ (equation
(14)), as a function of A for OCM-1 and operating with different
oxygen carrier circulation flows, Fs, between 1.4 and 15 kg/s. When
AHpcig > 0, the heat generated in the air reactor is not enough to
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Fig. 2. Gas equilibrium composition, syngas yield and cold gas efficiency as a function
of oxygen-to-fuel ratio. Tgg = 900 °C, S/B = 0.6.
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Fig. 3. Heat balance in the BCLG system as a function of A ratio and different oxygen
carrier circulation flows, Fs. OCM-1. Base: 1 MWy,

fulfil the heat balance in the system and, therefore, it would be
necessary an external heat supply to operate the system. When
AHpc; < 0, excess of heat is generated in the system and, therefore,
it would be necessary to extract heat to keep constant the fuel
reactor temperature. Finally, AHpc g = O indicates that the heat
generated in the air reactor is the necessary to fulfil the heat bal-
ance in the system, i.e. the system is operating under auto-thermal
conditions.

As shown in the Figure, the BCLG system is always endothermic,
i.e. AHpc g > 0, for A values lower than 0.375, within the range of F
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values here considered. For a given solids circulation flow, the en-
ergy requirement decreases as the oxygen transferred, %, increases
until reaching auto-thermal operating conditions (AHpcic = 0). An
additional increase in A values involves excess of energy in the BCLG
system (AHpci < 0). It can also be seen that the A value necessary to
achieve auto-thermal operating conditions decreases with the in-
crease in the oxygen carrier circulation flow, and the minimum Fg
value needed to transfer the oxygen under the simulated conditions
is 1.6 kg/s, which corresponds to the maximum variation of the
oxygen carrier conversion (AXs = 1) and a A value of 0.4.

Fig. 4 shows the effect of oxygen carrier circulation flow on A
value, temperature variation between air and fuel reactors (AT),
and variation of the oxygen carrier conversion (AXs) operating the
system under auto-thermal conditions. When the oxygen carrier
circulation flow is increased, the values of AXgs and AT decrease
exponentially. Since a lower AT between the reactors produces a
lesser heat lost in the off-gases of the air reactor the A value needed
to achieve the auto-thermal conditions decreases and as a conse-
quence an increase in the syngas yield is obtained (see Fig. 2).
Therefore, it can be concluded that the oxygen carrier circulation
flow between reactors should be as large as possible to maximize
the syngas yield. However, it must be taken into account that, for a
given fuel reactor design, the larger solids circulation flow, the
lower residence time of solids in this reactor, which could decrease
the amount of the char gasified and the syngas generated. In
addition, the non-gasified char would pass into the air reactor,
generating CO, emissions to the atmosphere and reducing the CO,
capture efficiency in the BCLG process.

Working under OCM-2, the oxygen transferred from the air
reactor to the fuel reactor depends on the oxygen carrier circulation
flow. The control of this solid circulation flow is performed by
varying the gas fluidization velocity through the change of air inlet
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Fig. 4. Effect of oxygen carrier circulation flow on A, temperature variation between air
and fuel reactors (AT), and variation of the oxygen-carrier conversion (AXs) operating
the system under auto-thermal conditions. OCM-1.
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flow in the air reactor. The higher air flow, the greater circulation of
solids in the system is produced. Therefore, to increase the oxygen
used for syngas production, the air inlet flow in the air reactor
should be increased, leading to an excess of air/oxygen feeding in
this reactor and increasing the unconverted oxygen in the exhaust
gases of the air reactor. As a result of the increase of the gas flow
exiting the air reactor, heat loss also increases.

Fig. 5 shows the effect of oxygen carrier circulation flow on A and
the temperature variation between air and fuel reactors (AT)
operating the system under auto-thermal conditions with OCM-2.
As it can be seen, an increase in the oxygen carrier circulation
flow produces an increase in the A value and a decrease in the AT
between air and fuel reactors. The lowest A value, 0.4, and conse-
quently the highest syngas yield, is obtained for the lowest oxygen-
carrier circulation flow, Fs = 1.6 kg/s (0% excess of oxygen). This
operating condition is the same as that used working with OCM-1
and AXs = 1, which was the worst condition for that method.

Fig. 6 shows the difference of temperature between the air and
fuel reactors as a function of A operating at auto-thermal conditions
with OCM-1 and OCM-2. For OCM-1, the temperature difference
between both reactors and the A value needed to reach auto-
thermal operating conditions decrease, and as a result the syngas
yield increases (see Fig. 2), when the oxygen-carrier circulation
flow increases. In contrast, for OCM-2, when the oxygen carrier
circulation flow increases the temperature difference between both
reactors decreases and the A value needed to reach auto-thermal
operating conditions increases, decreasing syngas yield.

A comparison of both methods clearly shows that the highest
syngas yield values are obtained by limiting the oxygen fed to the
air reactor by the air flow, OCM-1. In addition, working with this
method, the BCLG operation could be performed on a wide range of
temperature differences between both reactors through small
variations of A values. In contrast, the OCM-2 requires a higher
increase in oxygen-to-fuel ratio to achieve a lower temperature
difference between reactors. That is to say, the operation with
OCM-1 allows better adaptability of operating parameters than
OCM-2, avoiding important changes in the gas composition.
Therefore, it can be concluded that to maximize syngas yield is
preferred to operate with OCM-1.
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Fig. 5. Effect of oxygen carrier circulation flow on A and temperature variation be-
tween the air and fuel reactors (AT) operating under auto-thermal conditions with
OCM-2.
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Fig. 6. Difference in temperature between the air and fuel reactors as a function of X
operating at auto-thermal conditions with OCM-1 and OCM-2.

3.2. Effect of Fe;03 content in the oxygen carrier

The oxygen transport capacity of an oxygen carrier, Ry, depends
on the amount of active phase present in its composition; the
higher active phase content, the greater oxygen transport capacity.
In the simulation shown above, an oxygen carrier with 20 wt% of
Fe,03 as active phase has been considered.

In this section, a simulation of the BCLG process has been per-
formed using oxygen carriers with different Fe,03 contents ranging
from 10 wt% to 40 wt%, which corresponds to Ry values from 1.0 to
4.0. The results, considering the two methods for controlling the
oxygen used in the process for syngas production, are summarized
in Fig. 7.

As can be seen, with the OCM-1 it is possible to operate at auto-
thermal conditions with the same A and oxygen carrier circulation
flow independently on the Fe;03 content in the oxygen carrier. In
this case, the increase in the Fe;O3 content is compensated with a
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Fig. 7. Effect of the Fe,03 content in the oxygen carrier on the BCLG process operating
at auto-thermal conditions.
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decrease in AX; (see eq. (5)). The same temperature difference
between the two reactors is achieved operating with an oxygen-
carrier with high Fe;03 content and low AX or operating with an
oxygen carrier with low Fe;03 content and high AX;. Therefore, to
reduce the production costs of the oxygen carrier, it is desirable to
operate with low Fe,03 content, and this content will be limited by
the maximum variation of the oxygen carrier conversion, AXs = 1,
which corresponds to the points marked in the figure with a circle.

In contrast, operating with OCM-2, if the Fe,03 content in-
creases, to keep constant the oxygen transferred from the fuel
reactor to the air reactor (the same A value), the oxygen carrier
circulation flow must decrease and, as a result, the AT between the
reactors will increase. Depending on the active phase content, this
AT between the reactors could be too high and could cause oper-
ational problems. So, to operate under realistic AT values between
reactors, this AT should be regulated by optimizing the amount of
active phase when operating with synthetic oxygen carrier. How-
ever, this is not possible when using Fe-based ores or wastes and
the solution is the use of materials with low Ry or the dilution of
the oxygen carrier with an inert material [11,12]. For example,
ilmenite is one of the most used minerals in chemical looping
processes and has an oxygen transport capacity of approximately 4
[23]. Its behaviour in the BCLG process would be similar to the
simulated in Fig. 7 with the oxygen carrier containing 40 wt% of
Fe,0s. Therefore, ilmenite would have to be diluted with an inert
material to operate under realistic conditions in OCM-2. In this
case, to get a temperature difference of ~150 °C between reactors it
would be necessary to operate with an ilmenite:inert mixture of
1:2. On the contrary, this material can be used without problems
operating with OCM-1 [6].

3.3. Effect of preheating temperature of gases fed to air and fuel-
reactors

In the previous simulations, it was assumed that the air fed to
the air reactor and the steam fed to the fuel reactor were preheated
to 450 °C with the sensible heat of the gas outlet streams from both
reactors (see Fig. 1). However, it was observed that under auto-
thermal conditions an excess of energy, denoted as surplus en-
ergy, was generated in the global system. This surplus energy could
be used for the production of steam or energy, if necessary, in a
secondary process or also to preheat the air and steam that are fed
to the reactors to a temperature above 450 °C.

Fig. 8 shows the effect of the preheating temperature of gases
fed to the air and fuel reactors on the A values needed to reach auto-
thermal operating conditions, on the syngas yield and on the
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Fig. 8. Effect of the gas/steam preheating temperature on the efficiency parameters of
the BCLG process working at auto-thermal operating conditions. OCM-1, Fs = 6 kg/s.
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surplus energy, working with OCM-1. The surplus energy was
defined as a percentage of the total energy introduced in the system
with the biomass (1 MW¢y,). It can be observed that an increase in
the preheating temperatures from 450 °C to 750 °C produced a
decrease in the A values, from 0.38 to 0.33, and in the surplus en-
ergy, from 10.6% to 4.0%, and an increase in the syngas yield and
cold gas efficiency, from 1.32 to 1.43 Nm?/kg dry biomass and from
79.6% to 86.3%, respectively.

3.4. Influence of the presence of CHy in the gases of the fuel reactor

Up to now, it has been assumed that the gaseous products at the
exit of the fuel reactor were in thermodynamic equilibrium. Under
these conditions, the CH4 concentration in the gaseous product was
close to zero. However, experimental BCLG studies carried out in
continuous prototypes have shown the presence of significant
amounts of CHy, up to 10 vol%, in the gas outlet stream of the fuel
reactor, mainly coming from biomass devolatilization [5—8,12].
Therefore, an additional simulation was performed to determine
the effect of incomplete conversion of hydrocarbons to syngas on
heat balance, assuming different CH4 concentrations (0, 5, 7.5 and
10 vol%) at the outlet stream of the fuel reactor and being the rest of
the gases in thermodynamic equilibrium.

Fig. 9 shows the operation conditions needed (Fs, A and AT) to
achieve the auto-thermal state assuming different CH4 concentra-
tions in the syngas, and considering the two methods for control-
ling the oxygen.

As shown in the Figure, lower % values are needed to achieve the
auto-thermal state when unconverted CH4 appears at the fuel
reactor outlet. Thus, for OCM-1, A values range from 0.27 to 0.287
when 10 vol% of CHy is present in the fuel reactor gas outlet stream,
and from 0.375 to 0.4 when CH4 concentration is ~0 vol%. A similar
tendency in A values is observed for OCM-2 when the concentration
of CHy increases. However, the amount of CH4 assumed in the heat
balance hardly affects the temperature difference between the re-
actors in both methods, OCM-1 and OCM-2.

The influence of the presence of CHy in the fuel reactor gas
outlet stream on the thermal balance and, therefore, on the A values
is explained by the steam methane reforming (SMR) reaction, R12.
This reaction is endothermic and consumes energy, 206.2 kJ/mol
CH4. Thus, when this reaction occurs more energy is consumed in
the system and more energy has to be generated with exothermic
reactions, R15-R16, and, as a result, higher A values are needed.
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Fig. 9. Effect of the CH,4 content in the syngas on the auto-thermal BCLG process.
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However, note that the conversion of CH4 through the SMR reac-
tion, R12, increases the syngas yield that is the target of the BCLG
process, so the concentration of CHy4 at the outlet of the fuel reactor
should be minimized.

3.5. Effect of fuel reactor temperature and steam-to-biomass ratio

Besides the oxygen-to-fuel ratio, the other operating parameters
affecting the BCLG process are the temperature of the fuel reactor
and the steam-to-biomass ratio, S/B. An increase in the fuel reactor
temperature and/or in the steam-to-biomass ratio generally in-
creases the gasification reaction rate, producing an increase in
biomass conversion and, therefore, in the syngas yield [5—7,9,12]. In
this section, it has been simulated the behaviour of the BCLG pro-
cess, assuming that the complete biomass conversion is achieved
regardless of fuel reactor temperature and steam-to-biomass ratio.
The simulation has only been done with OCM-1 because it has been
found that it is the best method to control the oxygen transference
between reactors.

Figs. 10 and 11 show the effect of fuel reactor temperature and
steam-to-biomass ratio on the A values needed to achieve auto-
thermal operation for different solids circulation flows, Fs. The
surplus energy generated in the BCLG system is also included in the
Figures. It is observed in Fig. 10 how an increase in the fuel reactor
temperature of 100 °C, from 850 to 950 °C, implies, for any Fs, an
increase in the surplus energy and in the A value and, as a result, a
decrease in the cold gas efficiency of about 4.5% points. This is
because by increasing the fuel reactor temperature, the gases
leaving the fuel reactor contain more sensible heat, which is
extracted from the system.

Similarly, as can be seen in Fig. 11, an increase in steam to
biomass ratio from 0.6 to 1.5 resulted in an increase in A values, but
in this case the surplus energy decreased because more energy was
consumed to evaporate the water fed to the fuel reactor. The cold
gas efficiency decreased by about 4.5% points for that range of
operating conditions.

Based on these results, it can be concluded that the syngas yield
could be increased by lowering the fuel reactor temperature and
the steam to biomass ratio. However, the reduction in these pa-
rameters can decrease char, volatile and tar conversions. Therefore,
the minimum values for these parameters will be set by the oper-
ating conditions necessary to achieve high biomass conversion.

As a summary, it can be said that for the typical operating
conditions of the BCLG process (Tgg = 850—950 °C, S/B = 0.5—1.0,
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Fig. 10. Effect of the fuel reactor temperature on the A values needed to achieve auto-
thermal operation and on the surplus energy for different Fs. OCM-1.
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and preheating of gases = 450—650 °C) and assuming complete
CH4 conversion, A values between 0.33 and 0.38 would be required,
which means that cold gas efficiencies between 79.8 and 86.2 could
be achieved.

3.6. Nitrogen recirculation ratio in OCM-1

It has been concluded that the syngas yield was always higher
operating with OCM-1 than operating with OCM-2 and that
working with OCM- 1 the syngas yield increased with an increase
in the oxygen carrier circulation flow between reactors. The main
drawback of OCM-1 is that a part of the obtained nitrogen in the air
reactor needs to be recirculated to control the gas velocity in this
reactor and, therefore, the solids recirculation flow in the system.

In this section, it has been estimated the amount of nitrogen that
needs to be recirculated to the air reactor as a function of the ox-
ygen carrier circulation flow, Fs.

The air reactor section, Sag, and the total gas flow fed to the air
reactor, Qg R, can be calculated by the following equations:

Sar =Fs/Gs (18)

Qg AR = SAR-UAR (19)

And the nitrogen recirculation ratio, Ryp, as:

Qn2 Qn2

INY)) Qg,ARJOO Qs + QAir.lOO (20)

Assuming a superficial gas velocity, uag, of 5 m/s, Fig. 12 shows
the nitrogen recirculation ratios as a function of the oxygen carrier
circulation flow for several specific solids circulation rates, Gs, be-
tween 20 and 80 kg/m?s, which are typical values for circulating
fluidized beds [24,25]. As can be seen, Ry increases exponentially
as Fs increases and this ratio is higher for lower Gs values.

Lyngfelt et al. [25] reported G values in the order of 50 kg/m?s
for the combustion of natural gas using an iron oxide as oxygen
carrier in a CLC plant under atmospheric conditions. Considering
this G as a suitable value in a BCLG process, a range of Ry2 between
75% and 96.6% were found for Fs values from 2 to 15 kg/s.

4. Conclusions

In this work, heat and mass balances in a BCLG system were
solved to determine the auto-thermal operation conditions that
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Fig. 12. Nitrogen recirculation ratio in the air reactor for different specific solids cir-
culation rates as a function of the oxygen carrier circulation flow. OCM-1.

maximize the syngas yield, and therefore the cold gas efficiency.
For the simulation, pine wood as fuel and Fe-based oxygen carrier
(Fe;03/Al;03) were used.

Two methods for controlling the oxygen used for syngas pro-
duction have been compared. It was found that the syngas yield
was always higher controlling the oxygen fed to the air reactor by
the air flow (OCM-1) than controlling the oxygen supplied to the
fuel reactor by the oxygen carrier circulation flow (OCM-2) and this
syngas yield increased with an increase in the oxygen carrier cir-
culation flow between reactors working with OCM-1.

The Fe,03 content in the oxygen carrier had little influence on
the syngas yield of the BCLG process working with OCM-1, how-
ever, it had a strong influence working with OCM-2. With the latter
method, it is necessary to optimize of the amount of active phase in
synthetic oxygen carriers or the dilution of natural oxygen carriers
(ores, wastes, etc) with an inert material to avoid a large temper-
ature difference between the fuel and air reactors.

The presence of CH4 in the gas outlet stream of the fuel reactor,
coming mainly from biomass devolatilization, decreased the A
values needed to reach auto-thermal operation conditions because
less heat is used to reform this gas. However, the conversion of CHy
increased the syngas yield that is the target of the BCLG process.

A decrease in the temperature of the fuel reactor and in the
steam-to-biomass ratio produced an increase in the syngas yield
and, therefore, in the cold gas efficiency. Similarly, an increase on
the preheating temperature of the inlet streams to the fuel and air
reactors significantly increased the syngas yield and cold gas
efficiency.

To operate under typical auto-thermal operating conditions in
the BCLG process, working with a Fe-based oxygen carrier and pine
wood as fuel, A values between 0.33 and 0.38 are required and cold
gas efficiencies between 79.8 and 86.2 could be achieved.
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