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1 Introduccion






1.1 Efecto invernadero y cambio climatico.

Se ha demostrado cientificamente que la actividadama esta potenciando el efecto
invernadero de la atmdésfera terrestre [1]. El eféoternadero se debe a que parte de la
radiacion emitida por la superficie de la Tierraabsorbida por el CO H,O y otros
gases existentes en la atmosfera. Los principabesesg responsables del efecto
invernadero son ¥, CQ, CH;, CFCs, NO y Sk. El efecto invernadero es el
responsable de que las temperaturas medias derta Sean de 15°C frente a los -15°C
gue habria sin la existencia del mismo [1]. Eniléismas décadas este efecto esta siendo
potenciado debido al aumento de las concentracibméss gases que lo producen. Esta
potenciacion del efecto invernadero esta produciamd calentamiento del planeta, lo
gue puede llegar a producir un cambio del sisteimgtico global [2]. Si se continda
con la tendencia actual en las emisiones de gasesfedto invernadero, se prevén
importantes consecuencias medioambientales, palaothversidad del planeta, asi
como en aspectos sociales y economicos [3]. EmltdaTl.1 se muestra el potencial de

efecto invernadero de estos gases y su evolucibeldempo.

Tabla 1.1.Potencial de calentamiento global para variosggasropogénicos [2].

Potencial de calentamiento global para varios horantes temporales

20 afos 100 afos 500 afos
CO, 1 1 1
CH, 56 21 6.5
N,O 280 310 170
HFC-23 9100 11700 9800
HFC-32 2100 650 200
Sk 16300 23900 34900

Aunque el CQ es el gas con menor potencial de efecto inveroader forma
individual, si que es el gas con mayor contribu@bralentamiento global debido al
gran volumen que es emitido a la atmdsfera anuaéneomo se puede ver en la Figura
1.1. Asi en el afio 2010 [1], cerca del 80% de Issiemes correspondientes a gases de

efecto invernadero eran de €0



Figura 1.1. Emisiones de gases de efecto invernadero en él@fiba nivel mundial, adaptado de [1] .

Esta preponderancia del €6s debida principalmente al uso de combustibleite®en

la generacion de energia. En la Figura 1.2 se muebktonsumo de energia primaria
mundial en el afio 2011 segun la Agencia Internatide la Energia (IEA). Como se
puede observar, mas del 80% procede de combudhiisiéss, es decir petroleo, carbon
y gas natural. El resto esta diversificada entreleam y renovables tales como

hidraulica, edlica, solar o biomasa [4].

Otras renovables
1%

Bioenergia
10%
Hidroeléctrica

Nuclear
5%

TOTAL 13070 Mtoe

Figura 1.2. Distribucion de la generacién de energia primamigdial en el afio 2011, adaptado de [4].

Este mix energético resultante a nivel global, gpedominio de los combustibles
fosiles, serd el predominante durante al menosritaepa mitad del siglo XXI. La
Figura 1.3 muestra las previsiones para la evatud& consumo de energia primaria

hasta el afio 2035 realizado por la IEA [4]. Com@usede observar, los combustibles



con mayor expectativa de crecimiento son el gasiralaty las nuevas energias
renovables, seguidos de la energia nuclear y lmmdsa. No obstante, aunque el
crecimiento en el uso de petrdleo y carbén es coatipamente menor, estas dos

fuentes de energia seguiran siendo las mas utikzad

5 000

- ————— Petroleo
Le=m T e e======Carbln

Mtoe

_._-=-Biomasa

=== ====Hjdraulica

1580 1990 2000 2010 2020 2030 2035

Figura 1.3. Evolucién de consumo de energia primaria mundgistehel afio 2035 [4]

Este aumento en el consumo de combustibles fogge® dado principalmente por el
crecimiento econdmico de paises en vias en ddsamolke conlleva un aumento en las
necesidades energéticas de dichos paises. Esiatpren crecimiento de la demanda
energética muy alto por parte de China (31%), I{dEe6), Oriente medio (10%) y
Brasil (5%) [4]. Respecto a las reservas de didwsbustibles, en la Figura 1.4 se
muestran las reservas estimadas mundiales en funeda produccion a finales de
2011 para el carbon, y del 2012 para gas y petr@emo se puede observar, las
reservas probadas para gas y petroleo son de 61 afi@s, respectivamente. Estas
reservas aumentan dia a dia, pero siendo cada ayga ha complicacion técnica para
su extraccion. Estas reservas podrian aumentalg@rajp nuevas tecnologias de
extraccion como €ffracking” o la extraccion de petréleo de arenas bituminosas el
uso intensivo de técnicas de extraccion mejoradpeti®leo (EOR), la extraccion de
gas y petroleo dff-shoré y las reservas presentes en el Artico. Todo é#lda como
resultado un aumento significativo de la reserva8&y 178 afios, para gas y petroleo
respectivamente [4]. No obstante, el uso de algienestas opciones conlleva una gran

confrontacion social.



I Reservas probadas
[ Total de recursos

3000 A recuperables existentes
3050
anos

2500

400 A

300 A

233
afios

200 A

178

100 4 afios

61 afios 54 afios

Carbén Gas Petréleo

Figura 1.4. Reservas mundiales probadas y estimadas de cabiesi$ésiles en funcién de la
produccion a finales de 2011 (carbdn) y del 2083 (gpetroleo), adaptado de [4].

Respecto al carbon, las reservas probadas asciemdet? afios con el nivel de
produccion de finales de 2011. La cantidad de camreguperable segun las ultimas
estimaciones de la IEA asciende a 20 veces ladaahtie reservas probadas, aunque

cada vez son de mas dificil acceso [4].

Existen varias propuestas para poner freno alrofento de las emisiones de €@
nivel mundial, siendo la méas importante la conociolao Protocolo de Kyoto. Este fue
firmado en el afio 1997 y su entrada en funcionamiee produjo en el afio 2005 al
adherirse Rusia a dicho protocolo. De esta formeus#plia el requisito de la firma de
55 Partes (paises, regiones, etc.) que al menossegptasen al 55% de las emisiones
mundiales. Ahora bien, los objetivos del mismo &@stante modestos, ya que se
proponia unicamente para el afio 2012 una redudeidas emisiones de G@Qel 5.5%
con respecto a las de 1990, lo cual no se cumplés recientemente se propuso
durante la reunion COP15 [5] en el afio 2009 quaiglento maximo de la temperatura
media del planeta durante el siglo XXI debia se2 8€ y por lo tanto la concentracion
de CQ a finales de siglo no debe exceder los 450 ppnDdra en el 2012 se celebré
la reunién COP18 [6], donde se llegd al acuerdprderogar el protocolo de Kyoto a
2020, pero unicamente se conté con el apoyo dpdiz®s que emiten un 15% del O
total. Se quedaron fuera los grandes emisores dec@®o EEUU, Canada, Japén y

Rusia. Ademas, paises emergentes como Brasil, lhdiabretodo China no se les



aplican las reducciones de emisiones contemplad&yeto. A dia de hoy, China es el

mayor emisor de C£a nivel mundial.

Estas propuestas cobran dia a dia mas importaacgue las emisiones de g€lguen
creciendo y por tanto aumentando la concentrac®®@@ en la atmosfera. La Figura
1.5 muestra la evolucién de la concentracion de @@dida desde el observatorio
Mauna Loa, Hawai (EE.UU.), perteneciente al InstitQceanogréafico de San Diego
(California, EE.UU.) [7]. Como se puede observaigienento es muy pronunciado en
los ultimos 60 afos, y lo que es mas preocupaigae £on la misma tendencia de
aumentar. De este modo, durante el mes de Abi0dd, la concentracion de GGa
superado los 400 ppm, lo que hace mas urgenteitodeyprender medidas para frenar

este aumento.

400 A Abril 2014 ——=
[CO,] > 400 ppm

380 A

360 -

340 A

320 A

Concentracion de CO 5 en la atmdsfera (ppm)

300 T T T T T T
1950 1960 1970 1980 1990 2000 2010 2020

Afo

Figura 1.5.Evolucion de la concentracion de £€én la atmdsfera, (CO2Now.org, [7]).

Para conseguir estabilizar la concentracion de €@0Ola atmdésfera en el afio 2050 al
doble del valor preindustrial, es necesario realiz@njuntamente numerosas
actuaciones cuya entidad dependera del escenamdmco existente en el planeta, ya
que el crecimiento econdémico y la generacién dergémeestan directamente

relacionados. En la Figura 1.6 se muestran lascosahies de COque hay que realizar

por distintas vias en un escenario intermedio (§58 de CQen la atmdsfera en el afio
2050), que ha sido realizado por el IEA para comsegpte objetivo [8]. Como se puede

observar, la contribucion de las distintas opciotesnologicas para disminuir las



emisiones de CPvaria en funcion de la tecnologia y su estado ekardollo. El
incremento de la eficacia energética de las tegf@doya existentes, tanto a la hora de
producir la energia como durante su consumo, sufortd42% de la disminucién de
las emisiones de G nivel global. Por otro lado, el aumento en epleim de energias
renovables, biocombustibles y energia nuclear sdnpam una profunda reduccion del
31% en las emisiones de &@in embargo, la incertidumbre sobre el periodtetaepo
gue llevaria tener disponibles estas alternatigesdldgicas asi como que actualmente
el 81% del consumo de energia a nivel global previde fuentes fosiles, hace que sea
necesaria una etapa de transicion donde la obtend# energia por medio de
combustibles fosiles siga predominando y a la wereduzcan las emisiones de £O
Esto puede lograrse usando tecnologias de Captdhagcenamiento de GQCAC).

Asi con este escenario propuesto, las tecnologiaSAL deberian contribuir con un
14% a la disminucion total de emisiones [8].

60
[ Captura y Almacenamiento CO, 14%

Renovables 21%
40 Nuclear 8%

I Biocombustibles 3%

Gt €0,
s

Il Cambio en el uso final de combustible 12%

Eficiencia en el uso final de la energia 42%

2008 2015 2020 2025 2030 2035 2040 2045 2050

Figura 1.6. Estrategias para la disminucion de emisiones de[€]O

Por lo tanto, para cumplir los objetivos de redacaile emisiones en la generacion de
energia, es necesario desarrollar e implantar pdua y el almacenamiento de €0
(CAC) a corto plazo.

1.2 Captura y Almacenamiento de CO , (CAC)

La captura y el almacenamiento de f@onsisten en los siguientes procesos
consecutivos: (1) separacion del £#nitido por la industria y fuentes relacionadas co
la generacion de energia del resto de gases @uatopafnan; (2) el transporte de O

un lugar de almacenamiento; y (3) su aislamientdadatmaodsfera a largo plazo (de

8



siglos a milenios). La aplicacion mas directa da @& de reduccion de emisiones de
CO, puede realizarse en las centrales de producciéendmgia eléctrica, ya que son
fuentes de emision de G@bcalizadas y ademas representan el 42% de lasos®s

totales de C@antropogénicas mundiales [4] como se puede vix Eigura 1.7.

Transporte
22%

Electricidad y
calor
42%
Industria
21%

Residencial
6%

Figura 1.7.Emisiones de COmundiales por sectores afio 2011, adaptado de [4].

En las centrales de produccion de energia, el cstibbelmas importante a nivel global
es el carbon, a la vez que es el combustible qgeemésiones de GQenera por MW

El uso de este combustible a la hora de producargém depende tanto de la
disponibilidad de otros combustibles como del dedlardel pais en cuestion. Como se
puede apreciar en la Figura 1.8 los dos grandespa@in vias de desarrollo, China e
India, muestran una alta dependencia del carbé@nhari de producir energia eléctrica
en grandes instalaciones de combustion. Por odim kn los paises més desarrollados
(EEUU, EU, Japdn y Rusia) la contribucion del carladla generacion de energia es
menor debido a que cuentan con un mix energéticodis&ribuido, principalmente con
el uso de gas natural, petréleo y energia nugleato a la implementacion de energias
renovables. Finalmente cabe destacar Brasil comocaso diferente, donde la

produccion de electricidad es principalmente podiméde plantas hidroeléctricas [4].

La aplicacion de sistemas CAC conlleva una modifaaen los actuales sistemas de
generacion de energia eléctrica que pueden lleganex importantes penalizaciones
tanto energéticas como econdmicas. Existen poeasdé@ captura del Gdisponibles

comercialmente para su uso, tanto en los dispositha existentes como en nuevos

sistemas de generacion de energia. Las vias deraajg CQ existentes proceden de



tecnologias de produccion de hidrégeno y purifimacile CQ. Estas instalaciones
tienen una menor escala que una gran instalaciGorustion. En instalaciones de
combustion solo se han probado a nivel demostradénorden de 30 MW9]. Por
ello, existe en los ultimos afios una importantévigetd cientifica y tecnoldgica para
desarrollar métodos eficientes de captura de. €0r otra parte, a la hora de almacenar
el CO, se necesitan buscar almacenes seguros y barsitosn@o sistemas de transporte
con la menor penalizacidén energética posible.

100

I Carbon
[ Petroleo

[ Gas Natural
80 A

60 A

40 -

20 A

Contribucion a la generacion electrica (%)

EEUU EU Jap6n  Rusia  China India Brasil

Figura 1.8. Contribucion de los combustibles fosiles a la gacién eléctrica por paises en el afio 2011,
adaptado de [4].

1.2.1 Tecnologias de Captura de CO ,

La corriente de gas generada en la combustion miustibles fosiles contiene entre el
4 y el 14% de C@ dependiendo del combustible utilizado, siendo resdto
principalmente M Si se quisiera almacenar directamente esa ct#ries costes de
transporte serian prohibitivos, debido a la dif@dlde mover un caudal tan alto y a las
dificultades técnicas de comprimir una corrientduida de CQ. Asimismo, se
disminuiria el tiempo de utilizacion de los depdsitle CQ. Por ello es necesaria la
utilizacién de tecnologias que permitan la separadel CQ del resto de gases de la
combustién. Existen tres posibles vias de capter@@ en los sistemas de produccion
de energia:
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Captura posterior a la combustion

En estos sistemas de captura de, GO separa el GQOde los gases de combustiéon
producidos en la combustién del combustible primadn aire, como se muestra en la
Figura 1.9. Para llevar a cabo la separacion exidiferentes métodos: absorcion fisica
0 quimica, membranas, métodos criogénicos, adsyr@tc. De estos procesos de
captura los mas desarrollados a dia de hoy somébsdos quimicos de absorcién con
aminas. El proceso de captura de,G®@ lleva a cabo en torres de absorcion, donde la
amina se rocia a contracorriente de los gaseslida s& la combustion, absorbiéndose
en el proceso gran parte del £@esente. A continuacion, la amina se regenetman
torre de regeneracion por arrastre con vapor y@dupe una corriente concentrada de

CO, para su posterior almacenamiento.

Compresion )
Combustible Separacién Almacenamiento
Co, CO,

Aire Calor — Electricidad

Figura 1.9. Captura de C@posterior a la combustion.

Estos procesos tienen una penalizacion energétmada debido a la necesaria
regeneracion del absorbente para su reutilizaédidemas, la separacion de ¢ha de
realizarse en una corriente diluida (concentradérCQ entre el 4-15%) y a presion
atmosférica, lo que aumenta los costes de operacida inversion. Se estima una
pérdida global de rendimiento energético usandasdsicnologias entre 8% y 16% en
centrales de carbon y entre un 5% y un 10% enalestde ciclo combinado de gas
natural [10].

Captura previa a la combustion

En la Figura 1.10 se muestra el esquema generkisdgistemas de captura de £0O
previa a la combustion. En este proceso se llesa@ba la gasificacion o reformado de
combustibles fosiles que da lugar a una corrieictean CO y H Este gas de sintesis
se lleva a un reactoWater Gas ShiffiWGS) donde se transforma el CO en,CO

produciendo en el procesg.Hrinalmente se separa el £ la corriente gaseosa, por
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un proceso semejante al utilizado en la captura&C@g posterior a la combustion,
obteniéndose una corriente dg ptacticamente pura. La mayor ventaja de este pooce
es que generaztomo producto, que puede ser aprovechado de mliésréormas, tanto
en la combustidn en turbinas de gas para la prasluce energia eléctrica, como para
su uso en el transporte por medio de celdas de ustible y/o motores de combustion

interna.

Compresién

Almacenamiento
CO,

Gasificacion/
Reformado

Separacion
H,y CO,

Combustible

Electricidad y
calor

0,+H,0(v)

Figura 1.10.Captura de C@previa a la combustion.

Estos procesos tienen menores penalizaciones éoagy§a que la separacion £8,

se realiza a presiones medias (20-40 atm), y coraceones de Cg@altas (~40%) por lo
que la penalizacion energética del proceso de aeipares menor que en el caso de la
separacion posterior a la combustion. Sin embdrgyp que sefialar que para el proceso
de gasificacién se usa (el cual hay que separar del aire por métodog€nicos. Se
estima una penalizacion energética en una plantafdemado de gas natural entre el
4% vy el 11% y en la gasificacion de carbon entié@ely el 13% [10].

Combustion sin Nu oxicombustion

Los sistemas de combustion sin nitrégeno (oxicomntmisutilizan oxigeno en lugar de
aire para la combustion del combustible con obget@roducir un gas de combustion
compuesto Unicamente por vapor de agua y. E&to da origen a una corriente con alta
concentracion de GOy facilmente separable del vapor de agua por cwabedn. Un

esquema de este proceso se puede observar enila Eig)l.
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Aire

Figura 1.11.Captura de COpor oxicombustion.

Ademas, al llevarse a cabo la combustiéon cens® produciria un incremento muy
elevado de la temperatura en la camara de combhustara evitarlo se debe recircular
CO, para rebajar la temperatura de combustiéon. Elnvweoniente de esta tecnologia es
el empleo de @puro cuya produccién tiene una importante penclimaenergética
debida al proceso de separacion dgldé aire. Se estima una pérdida de rendimiento
alrededor del 6-9% para planta de carbon y enyel8% para plantas de gas natural
[10].

1.2.2 Transporte de CO ,

Antes del almacenamiento del €§ecuestrado, este debe pasar por una serie @ etap
para su compresion y posterior transporte al pdetinyeccion. El C@transportado
variard en sus propiedades en funcion del tipo rdeego y del combustible usado.
Estas propiedades incidiran directamente en lagafesobre el material del ceoducto,
principalmente las impurezas presentes, juntopadsion y temperatura del GQPor lo
tanto, para determinar los materiales necesari@eglaeoducto es necesario conocer y

establecer limites a los siguientes parametros:

- Composicion e impurezas.

- Presion.

- Temperatura.

- Viabilidad industrial de los materiales.

- Integracion de las infraestructuras de transpartelas instalaciones de captura

y las de almacenamiento.
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Respecto a la composicion e impurezas, ambos pagaman a depender tanto de la
tecnologia de combustion como del combustible eadoe Por ejemplo, la
concentracibn de oxigeno en dicha corriente variatésde trazas si se utiliza
tecnologias de pre-combustion hasta un 2% usangwaseso de oxicombustion [11].
A dia de hoy, en la EU no existe ninguna espedciiicade la calidad minima exigida
para el transporte de GONo obstante el proyecto DYNAMIS ha realizado studio
para especificar la calidad de una corriente de @&a realizar un transporte y
almacenamiento seguros. La composicion de la coeride CQ para cumplir estos

requisitos se muestran en la Tabla 1.2 [12].

Tabla 1.2.Composicion del COpara cumplir con un transporte y almacenamierggar® segun el
estudio DYNAMIS [12].

Compuesto Concentracion

H,0 500 ppm
H,S 200 ppm
CO 2000 ppm
0O, < 4%
CH, < 4%
N, < 4%
Ar < 4%
H, < 4%
SO, 100 ppm
NOy 100 ppm
CO, > 95.5%

Una vez determinada la composicion del,@Qransportar, se necesita conocer en qué
condiciones de presion y temperatura debe serpwaiasio. Ambos parametros van a
depender del tipo de transporte elegido. Asi, draesporta el COpor tuberia, este
debera ser comprimido a presiones entre 100 y 20albnde el C@esta en fase densa

y se comporta como un liquido [11]. Por otro la€n,el transporte por barco el €0
debe ser licuado a -30°C y entre 15-20 bares dedmreActualmente ya existen barcos
para el transporte de G@ pequeiia escala para aplicaciones industricaéisgntarias
[11], y por la tanto ya existe una reglamentaciaternacional para su transporte

maritimo.
Respecto a los costes de ambos tipos de transpstieya a depender de la distancia y

de la escala del proyecto. A escala comercialatdidad de C@a transportar variaria

entre los 10 y 20 Mt por afio en funcion de si laiente procede de una gran central
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térmica o del agrupamiento de varias fuentes desiémila Tabla 1.3 muestra los

costes de transporte estimados para cada tecnelo@imcion de la distancia.

Tabla 1.3.Estimacion de costes (€/ton g@ara redes a escala comercial en el transpoi2 détpa de
CO,, adaptada de [11]

Distancia (km) 180 500 750 1500

Tuberia en tierra 15| 3.7 | 5.3 -
Tuberfa en mar 34 6.( 8.2 163
Barco (incluida licuefaccion| 11.1| 12.2 | 13.2| 13.1

Se puede observar gque los costes de transportéulperia son proporcionales a la
distancia, a diferencia del transporte por barcoddoestos costes son practicamente
fijos. Otra diferencia a tener en cuenta es quepl@scipales costes asociados al
transporte por tuberia son debidos a costes desidone(~90%) frente a los costes del
transporte maritimo, donde principalmente los @sta operativos (>50%) [11]. Por lo
tanto, para grandes distancias es recomendabboalaitransporte maritimo por barco

usando una tecnologia ya establecida y probada.

Respecto al transporte terrestre de,COnshord, existe una larga experiencia
relacionada con la tecnologia de Recuperacion Meégpmde Petroleo (EOR). EEUU
cuenta con la mayor red de transporte de,@@nsportando 45 Mt/afio de €@ lo
largo de un entramado de unos 6300 km de ceod[ktpsLa region principal donde
esta instalada esta red de ceoductos se encuémtesta de Texas y Nuevo México,
denominada RegioRermian Basin La linea de transporte mas antigua data del afio
1972, de 225 km de longitud (lin€2anyon Reef CarriersTexas), mientras que el

ceoducto de mayor extension es la linea Cortezindotal de 808 km [11].

1.2.3 Almacenamiento de CO ».

Finalmente, el dltimo paso es el almacenamientoQigl capturado. Hay diversas
formas de almacenamiento, pero todas deben cuagpliunos criterios comunes. Estos

criterios son:

- Seguridad: estabilidad en el almacenamiento, sigasu Duracion del

almacenamiento de siglos a milenios.
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- Minimizar costes, incluido el transporte.
- Minimizar riesgos medioambientales y el impacto imial.

- Cumplir con la legislacion vigente.

Para el almacenamiento de £8e estan estudiando principalmente dos opciones:

almacenamiento geoldgico y el almacenamiento oceda).

La capacidad global de almacenamiento de @€pende del lugar elegido. Como se
puede ver en la Tabla 1.4, la mayor capacidad mec@namiento es el oceanico,
seguido de los acuiferos salinos y los yacimiedogas y petroleo usado. El principal
problema del almacenamiento oceanico es el impaotnental que podria generar en
las zonas donde se deposite, ya que al formarberaos y bicarbonatos produce una
bajada del pH de la zona. Debido a ello, este dp@lmacenamiento ha pasado a un
segundo plano. Serd necesario un mayor esfuerzestigador en el tema para

minimizar los posibles efectos que causaria gsted almacenamiento.

Tabla 1.4.Capacidad de almacenamiento de,d®diferentes emplazamientos. Emisiones actua®ys ~
Gt CO/afio
Opcién Capacidad (Gt CO,)
Océano 18000 — 7*10
Acuiferos salinos 1700 - 3700
Pozos agotados (gas y petrol 675 - 900

Pozos de carbon inexplotablés 3-200

Actualmente la opcion mas viable de almacenamisatoonsidera que es en acuiferos
salinos saturados a gran profundidad (800-900 rnkoBocimiento de la tecnologia
necesaria para este tipo de almacenamiento prodien& experiencia en su uso en el
proceso “Enhanced Oil Recovery” (EOR) para la exi@ mejorada de petroleo.
Existen varios proyectos para su aplicacidon en Ielaeenamiento de GO La
plataforma de Sleipner ha sido el primer proyectesaala comercial dedicado al
almacenamiento en un acuifero salino profundo de (E@00m de profundidad). La
plataforma de Sleipner esta situada a 250 km a&é e la costa noruega en el Mar del
Norte. De ella se extrae gas natural con alta cdra@én de CQ (alrededor del 9%).
Desde 1996 se esta inyectando en una formaciomasdé la propia plataforma del

orden de 1 Mt de Cfal afio, y en la cual se espera introducir alredddc20 Mt de
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CO, durante su vida util [13]. Por otro lado, el progeln Salah en Argelia, puesto en
marcha en el afio 2004, también almacenaba elpBigedente de la extraccion de gas
natural. Se inyectaba, en un acuifero salino, HE¥8 toneladas de G@l dia [14]. En

la actualidad, el proceso de inyeccion ha conclukitemas existen dos proyectos de
investigacion donde se ha inyectado una cantidagigi®a de C®en formaciones
profundas: Frio en Texas, EE.UU. [15], y Minami-ldaga en Japon [16]. La Tabla 1.5
muestra un resumen de los proyectos de almacenantdenCQ en acuiferos salinos,
asi como su estado actual y la capacidad de almaiento. Como se puede observar, a
parte de Sleipner, se han iniciado otros proyeztescala comercial en los ultimos afos
como son los de Gorgon (Australia) y Snohvit (Ngaje asi como ensayos piloto o

demostracion.

Tabla 1.5.Proyectos de almacenamiento de,@® acuiferos salinos profundos [17].

Fecha de inicio Capacidad total

Proyecto Estado

y conclusion (Mt de CO»)
Sleipner Noruega Comercial Existente 1996 20
In Salah Argelia Comercial Finalizado 2004-2012 17
Ketzin Alemania | Demostracion| Existente 2007 0.06
Snohvit Noruega Comercial Existente 2007-8 ---
Minami-Nagaoka Japon Demostracion| Finalizado 2002 0.01
Frio EE.UU. Piloto Finalizada 2004-6 3-90
Teapot Dome EE.UU. Demostracion| Existente 2006 0.01
Gorgon Australia Comercial Existente 2009-11
Otway Australia Piloto Existente 2007 0.1

1.3 Impacto de la implementacion de los procesos CA  C en la generacion

de energia

En el apartado 1.2.1 se han mostrado las difereidssle captura de GG5in embargo
todas ellas presentan una importante disminucida eficacia energética, asi como un
aumento significativo de los costes de generacerrergia. Ademas, la captura del
CO; supone el coste principal de la CAC, ya que etecdsl transporte (entre 5y 11
€/ton CQ) y el almacenamiento (1 a 15 €/ton £8on una parte relativamente pequefia
del coste total [18]. La introduccion de las teogéhs de CAC en la generacion de
electricidad obviamente tiene un coste econdmidcciathl. Sin embargo, se considera
que una vez superadas las fases de desarrollo gsttacion de los procesos CAC,

estos seran competitivos con otras tecnologia ¢e dmmtenido en carbono [19]. La
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Figura 1.12 muestra los costes por ipara las diferentes tecnologias bajas en

carbono.
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Figura 1.12.Costes de generacion de electricidad por MWh gideeentes tecnologias bajas en carbono
[19]. Lineas continuas: planta de gas natural gabon sin tecnologias CAC.

Aunque estos costes pueden variar de un pais a s#rgouede observar que las
tecnologias de produccion de energia con sisterA&3 [ilieden generar energia a un
coste competitivo comparado con otras tecnologéagrdduccion de energia con bajo
contenido en carbono como son la eoléshoreo energia solar tanto térmica como
fotovoltaica.
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Figura 1.13.Costes de Cgevitado. En todos los casos, excepto en el de @, la cantidad de CO
evitado es relativo a las emisiones de una plaatzadoon pulverizado supercritica. Para CAC (G&), |
planta de referencia es planta de ciclo combinaép [
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La Figura 1.13 compara los costes del,@@tado usando distintas tecnologias para la
obtencion de energia con bajas emisiones en camwremmparacion con plantas de
generacion de energia con combustibles fésilegradias junto a un sistema CAC [19].
Se puede observar que las tecnologias de CAC poriar unos costes aceptables en
funcién del precio del combustible. El precio deinbustible es fundamental para saber
cual sera el futuro coste por tonelada de, E@tada. Por ejemplo para una planta de
carbon pulverizado supercritico mejorada con siage@®AC, dicho coste varia entre 23
y 92 $ por tonelada de G@vitada. En el caso de una planta de gas natomaticlo
combinado con sistemas CAC, los costes varian éitre 106 $ por tonelada de €O
evitada. Se puede observar que los costes porattmele CQ evitada son inferiores
usando carbén como combustible en comparacion lcgasenatural y a la vez, ambos
son inferiores a los costes de usar energia st@ato(térmica como fotovoltaica) o

energia eodlicaffshore

Como se ha visto en la Figura 1.4 el carbdn esomibastible fésil con mayores
reservas probadas y estimadas, ademas de ser bugtdite principalmente usado para
la generacion de electricidad (ver Figura 1.8).|1Bdanto, es una fuente concentrada de
generacion de C donde los sistemas CAC son mas factibles de mmpi¢ar. La
captura de C®en plantas térmicas de carbon se puede llevaba can las tres
tecnologias presentadas en el apartado 1.2.1:cpodtustion, pre-combustion vy
oxicombustién. La Figura 1.14 muestra los costest@uelada de COevitada usando
los tres sistemas CAC para una planta térmica d@gaantracita), usando para los
calculos un precio medio del carbon de 2.4 €/GJ. [@d0mo se puede observar, no
existen a priori datos para descartar o favoreicgyuna de las tecnologias. Por lo tanto,
se esta desarrollando la demostracién a escalstitalude las tres tecnologias de
captura de C@ Se puede observar que el coste de usar tecn®ldgipre-combustion
es mayor que en el caso de la post-combustion. dssttebido a que la obtencion de
electricidad a partir de la tecnologia de pre-costibn esta menos desarrollada y, por
tanto, los célculos de costes son mas conservadbestodas formas, hay una
necesidad evidente de realizar un esfuerzo panaciredostes en la tecnologia de

oxicombustidn, principalmente en el proceso dersepan de aire [20].
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Figura 1.14.Costes de Cgevitado para una planta de carbén (antracitaddenentes sistemas de
captura de C©[20]. BASE: planta de energia con tecnologiasaetude CAC; OPTI: planta de energia
optimizada para usar tecnologias CAC.

Respecto a las tecnologias de oxicombustion, aumgestran un coste por tonelada de
CO; evitada muy similar a los obtenidos con tecno®giast-combustion (caso OPTI),
se estima que el coste eléctrico es ligeramengeidnfpara una planta de generaciéon de
energia optimizada para el uso de tecnologias CBELEMWh frente a los 67.2
€/MWh de la post-combustion) [20]. Por lo tanto,l@&secnologia que potencialmente
representa la opcion mas econdémica de las treser8irargo, al ser la tecnologia mas
joven, necesita de un gran esfuerzo investigadecondémico para ponerla a punto y
reducir los actuales costes. Por estos motivosts@ énvestigando nuevos procesos de

captura de C@para reducir la penalizacion energética y losesode captura de GO

Dentro de los sistemas de combustion sin nitrégexicombustion), se ha propuesto el
proceso de combustion indirect&€Cbemical Looping Combustid€LC) [21, 22] como
una alternativa viable a la produccion de energiacaptura de COEste es el proceso
en el cual se centra esta Tesis Doctoral. Esteepootiene menor coste de captura que
cualquier otro proceso evaluado, ya sea post-, prexicombustiéon. De hecho, se
estima que para el proceso CLC, el coste por tdaete CQ evitada es de 6-13 €,
frente a los 28-37 € para una central de ciclo éoatto con gasificacion integrada, o

29-58 € para el proceso de oxicombustion [23].
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1.4 Combustion con transportadores solidos de oxige no: Chemical

Looping Combustion (CLC)

El proceso CLC se basa en realizar la transferateiaxigeno del aire al combustible
por medio de un transportador de oxigeno en form&xdo metalico (Mg,), sin
poner en ningln momento en contacto el combustidheel aire. Para ello, se utilizan
dos reactores de lecho fluidizado interconectados)o se muestra en la Figura 1.15
[24], con el transportador de oxigeno circulandmtiomamente entre ellos. Esta
configuracion, que es similar a la existente enaatdera de lecho fluidizado circulante
(CFB), permite un buen contacto sdlido-gas y uneculacion adecuada del

transportador sélido de oxigeno entre ambos rezstor

En el caso de usar el sistema CuO/Cu como tramsfmride oxigeno y CHcomo
combustible, el proceso que tiene lugar es el sijai En el reactor de reduccion,
Ecuacion 1.1, el 6xido metalico (CuO) se reduce edam(Cu) por reaccion con el
combustible. Al oxidarse el combustible se genaraaimente CQy vapor de agua,
facilmente separables por condensacion, quedand@amiente gaseosa de Clixta
para su transporte y almacenamiento. En el reat#ooxidacion, Ecuacion 1.2, el
transportador de oxigeno reducido (Cu) se regemddiaindose a CuO con el oxigeno
del aire y obteniéndose a la salida una corrieati,djunto con Q si se ha introducido

aire en exceso.

Condensador
Calor Calor
N, (+0,) # CO,
Me,O,
> H,0
calor | Reactor Reactor
de de
Oxidacioén Reduccién
-—
T Me,O,.; T
Aire Combustible

Figura 1.15.Esquema conceptual del proceso CLC

Reaccion de Reduccion
4CuO+CH, - 4Cu+CO, +2H,0 AHJ, =-178.0kJ /mol CH, (1.1)
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Reaccion de Oxidacion

2Cu+ O, - 2Cu0 AHS, =-312.1kJ /mol Q (1.2)

Combustion directa
CH, +20, -~ CO, +2H,0 AH? =-802.2kJ /mol CH, (1.3)

La energia generada en la combustién es equivatetdeobtenida en la combustion
convencional, ya que la suma estequiométrica dengapias de reaccion de las dos
reacciones (1.1 y 1.2) es la correspondiente alédtcombustién directa (1.3). Este
sistema tiene una baja penalizacién energéticaldebique no existe la separacion de
CO, de ningun otro gas (excepto el®). Esta es la principal ventaja del sistema CLC
frente a cualquier otro sistema de captura de @Rsorcidon quimica, fisica, sistemas de

adsorcion, etc.).

Se han realizado diferentes estudios que avalavialzlidad de este proceso con
distintos prototipos en plantas de CLC tanto comlmastibles gaseosos (GHjas de

sintesis, etc.) en un intervalo de potencia enr¢ 140 kW, como con combustibles
sélidos (carbdn y biomasa) en plantas de entre\V¥Dyk3 MW, usando 6xidos de

diferentes metales como transportadores de oxi@gén€u, Fe, Co o Mn) [23].

1.4.1 Transportadores solidos de oxigeno

El concepto de combustién con transportadoresalig oxigeno se fundamenta en el
uso de la tecnologia existente de lechos fluidigaclcculantes (CFB). Sin embargo,
existe un factor clave para el desarrollo del pocel transportador sélido de oxigeno.
Las particulas del transportador solido de oxigigrmen que cumplir unos requisitos

sin los cuales no es operativo. Estos son losesites:

- Posibilidad de lograr un elevado grado de combusti€Q y H,O (idealmente
combustién completa) por consideraciones termodirasn

- Reactividad elevada y mantenida a través de ldgsgitanto en la reaccion de
reduccion como en la de oxidacién, para reductal@idad de soélido necesario

en los reactores y la renovacion del material.
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- Elevada capacidad de transporte de oxigeno, pdteirda cantidad de solido
circulante.

- Resistencia a la atricion para evitar la pérdidasdiédo por elutriacion y la
renovacion del material.

- Baja o nula tendencia a la deposicion de carbono.

- Ser resistente a la desactivacion por compuestagufee.

- No presentar problemas de defluidizacién o agloor@nadurante la reaccion.

- Ser seguro medioambientalmente.

- Facil de preparar si es sintético y abundante siadsral o un residuo, para
reducir costes.

- Tamafio de particula adecuado para su uso en l8althzados.

Las dos primeras caracteristicas van a dependénsetamente del sistema redox
utilizado. Los compuestos activos propuestos pamaeeso CLC son los 6xidos de
hierro, cobre, cobalto, niquel y manganeso, juhtsudato de calcio [23]. El analisis
termodinamico de los diferentes sistemas redox yasipos muestra la relacion de
productos que se puede obtener. Asi, con los sast€daO/Cu, MgO/MnO, FeOs/
Fe0, y Ca04/Co0O se puede obtener combustion completa a €®,0 en las
condiciones de operacion del proceso CLC. Parapgmatadores basados en el NiO se
obtendran como maximo conversiones del gas delO¥® con pequeiias cantidades

de CO y Hque no se pueden convertir [23].

Cuando se utiliza un 6xido metélico puro, en muctesos la reactividad disminuye
rapidamente con el niamero de ciclos. Por esta raeontilizan mezclados con un
material inerte [25]. Ademas, de esta forma se atenka resistencia mecanica de los
materiales y su superficie de reaccion. Incluso algunos materiales mejora la
conductividad i6nica del oxigeno. La capacidadrdadporte de un 6xido metalico se

define como:
rnox _ rr'(—:‘d
Ry = et (1.4)
M,

dondemyy es la masa del material totalmente oxidadmgy es la masa en su forma
reducida. Cuando se aflade un material inerte ridpmatador de oxigeno, su capacidad

de transporte disminuye, ya que para la mismadzaohtile transportador de oxigeno es
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menor la cantidad de oxigeno disponible para etgsw. Por lo tanto, la capacidad de

transporte de oxigeno efectivigr§) es la siguiente:

Ro=R™ %o (1.5)
dondexyeo €s la fraccién de 6xido metalico activo en el $portador de oxigeno. Los
materiales generalmente usados como inertes soi®®;,AMgAI,O4 Zr0,, TiO,,
NiAl ,04, SIO, y sepiolita. Adanez y col. [23] realizaron una ax$tiva recopilacion de

los transportadores de oxigeno usados en el proee€a.C.

El coste y las caracteristicas medioambientalegrilm también del éxido metélico
utilizado. Respecto a la toxicidad de los diferenteateriales, tanto el niquel como el
cobalto son considerados como los mas problematarsotro lado, son los materiales
con un mayor coste econdmico. Por otra parte, lospaestos de hierro son

considerados no toxicos para aplicaciones del pmodelLC [23]. El cobre y el

manganeso Unicamente presentan problemas en disoliRespecto al cobre, Garcia-
Labiano y col. [26] realizaron un estudio sobre teltamiento de residuos de
transportadores de oxigeno basados en 6xido de gobcedentes de una planta de
CLC. En este estudio se llegd a la conclusion deejuesiduo final tras el proceso de
recuperacion puede ser calificado como residudlesiano reactivo y aceptable para

depositar en vertederos para residuos no peligrosos

Respecto al resto de propiedades, estas debem daraeterizadas experimentalmente
para cada material usado. La velocidad de atriegdnuno de los parametros mas
importantes, ya que esta directamente relacionadaektiempo de vida medio de las
particulas en el sistema CLC. Se considera atriaide formacion de finos debido al
estrés fisico-quimico al que se ven sometidas #atcplas en un lecho fluidizado
circulante como el CLC utilizado en el procesoaBgiarticulas son elutriadas fuera del
sistema debido a que por su pequefio tamafio noesogidas por los ciclones [27].
Finalmente, la aglomeracién de las particulas deamsportador de oxigeno debe ser
evitada en un sistema de dos lechos fluidizadesdobhectados, ya que ésta perturba la
circulacion de solidos entre los reactores y ademele generar canales de paso
preferente del gas, empeorando el contacto engaseteactante y el transportador de

oxigeno.

24



1.4.2 CLC con combustibles sélidos

El sistema CLC fue desarrollado inicialmente paaautilizacion de combustibles
gaseosos, principalmente gas natural [23, 28].efnbargo, el uso de combustibles
sélidos es muy conveniente ya que estos combustibteno se ha visto en la Figura
1.4, son mas abundantes en la naturaleza y, ganio, mas baratos. Ademas, este tipo
de combustibles son los que mas contribuyen anasianes de C® Por lo tanto, se
hace muy interesante el desarrollo de una tecrolBogC que permita el uso de carbén

como combustible.

Para poder utilizar este tipo de combustibles ensistema CLC hace falta su
gasificacion previa, ya que es necesario que ebaostible esté en forma gaseosa para
su oxidacion por reaccion con el transportador xigemo. Existen dos opciones para

realizar esta operacion integrada al proceso ChSifigacion previa o in situ.

En el caso de la gasificacion previa, es neceaudilizacion de un reactor externo al
sistema CLC que gasifique el combustible para mie pueda ser empleado en el
proceso. El agente gasificante deberia ser unalande©/vapor de agua, por lo que es
necesaria una unidad de separacion de aire, loecualrece el proceso de captura de
CO,. Como se puede ver en la Figura 1.16 el gas dessrproducido se alimenta al
reactor de reduccion donde se quema por el tratasloorde oxigeno en una reaccion
directa gas-solido para generar una corriente loasde vapor de agua y GO

N, (+0,) CO, + H,0 Cco,

o
°
Reactor Reactor H,0()
Oxidacion Reduccion
H, + CO

Gasificacion

Figura 1.16.Proceso de combustion en un sistema CLC con gasidin previa del combustible sélido.
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La otra opcion corresponde al proceso CLC conigasibnin-situ (iG-CLC) donde se
realizan ambos procesos en el mismo reactor [2P,L30caracteristica principal del
procesdG-CLC es la gasificacion del combustible sélidcekreactor de reduccion. En
este proceso, se alimenta el combustible sélidec@dimente al reactor de reducciéon
junto al agente gasificante necesario. En este saspuede utilizar ¥ o mezclas
H,O/CQO, recirculado para la fluidizacibn, que ademas aatuacomo agentes
gasificantes. Como se puede ver en la Figura allalimentar el combustible al reactor
de reduccion, éste se desvolatiliza produciendocon@ente de volatiles y un residuo
carbonoso o char. Los volétiles producidos reaegiatirectamente con el transportador
de oxigeno en una reaccién convencional gas-s@idoembargo, la reaccién sélido-
sélido entre el char y el transportador de oxigemdenta y por lo tanto hay que
gasificarlo para que la reaccion se lleve a cabareimtervalo de tiempo razonable.
Para ello, se puede utilizar una mezcla de/B&D que gasifica el char. Los productos
gaseosos de la gasificacion (CO +) He queman al igual que los volatiles con el
transportador de oxigeno. La principal ventaja ste @roceso frente al de CLC con
gasificacion separada, es que no se requiere eldes@ puro ya que la energia
necesaria para la gasificacién o se genera irpsitla oxidacion del CO y delzton el
transportador de oxigeno, o la transfiere el trartagdor de oxigeno como calor sensible

desde el reactor de oxidacion.

co,
HZO(V) HZO

Transportador

de oxigeno
Volatiles

Char

o
o
o
o
o
ey
»s
L

Carbén, H,0(v)

EEERREERREEED
H,0 y/o CO,

Figura 1.17.Proceso de combustién en el reactor de reduccidum @roces@G-CLC con gasificacién
del combustible in-situ.

El principal inconveniente de este proceso esrtalgasificacion del combustible en el
del reactor de reduccion, que provoca que partelaelsin reaccionar sea transferido al

reactor de oxidacion, donde se quema en contactcekaire, generando G@n la

26



corriente de salida de este reactor. De este mo@esde eficacia a la hora de capturar
CO, por parte del sistema. Para solucionarlo, es agoesl aumento del tiempo de
residencia en el reactor de reduccion, lo que spona mayor cantidad de
transportador de oxigeno en el sistema y, porritofanas coste de material y mayor
tamafo de las instalaciones necesarias. Otra posdicion es la instalacion de un
sistema de separacion de carbono entre el reaet@ddccion y el reactor de oxidacion,
que permita separar selectivamente el char noicgif del transportador de oxigeno
reducido. Este char separado es recirculado atorede reduccion, aumentando su
tiempo de residencia y permitiendo su gasificaciBh.uso de uncarbon stripper
propuesto por Cao y Pan en 2006 [289)mo sistema de separacion de carbono ha
demostrado ser muy efectivo para aumentar la edicde captura de CQlel sistema
[31].

Por otro lado, las unidad&s-CLC operadas hasta la fecha han demostradodanma
de gases inquemados a la salida del reactor decaiédu[32]. Estos productos
inquemados pueden causar problemas a la horaahsptirte y almacenamiento del
CO; [33]. Existen diferentes soluciones sugeridas #irainar los gases inquemados
de la corriente de salida: instalar un segundotoeale reduccion, recircular los gases
de salida de nuevo dentro del reactor de reduccidmstalar un reactor dexygen
polishing [32]. Esta dltima opcion consiste en instalar aactor corriente abajo del

reactor de reduccion para quemar por completoniggsemados con una corriente pura
de Q.

Finalmente, debido a la presencia de cenizas nualzon el transportador de oxigeno,
se prefiere el uso de materiales de precios redsiciga sean minerales (ilmenita,
hematita) o residuos de otros procesos industrfedsgduo de bauxita) [34] mas baratos
gue los materiales sintéticos, debido a que essadaeuna extraccion continua de las
cenizas que van acompafadas del transportador @gnox No obstante, estos

materiales suelen ser menos reactivos que logisoge
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1.5 Chemical Looping with Oxygen Uncoupling (CLOU)

El procesoiG-CLC conlleva sustanciales ventajas frente al ggoc CLC con
gasificacion previa. No obstante, tiene dos incarerges: la baja velocidad de
conversion del char durante la gasificacion y lficditad para obtener combustiéon
completa. Para aumentar la velocidad de convedabohar en el reactor de reduccion
y la eficacia de combustion se propuso el prodesemical Looping with Oxygen
Uncoupling (CLOU) [35], que trata de aprovechar la capacidadalgunos oxidos
metélicos de generar,@aseoso a alta temperatura de forma reversiblda Engura
1.18 se puede observar el proceso de combustioseajlleva a cabo en el reactor de
reduccion en el proceso CLOU. En este proceso bseemtia directamente el
combustible sdlido en el reactor de reduccion yne@mo tiempo el transportador de
oxigeno libera @en las condiciones de operacion de ese reactor.

H,0(v) floé Co,
2

Volatiles

Transportador
Carb6n de

Oxigeno

Tttt COTf fttt

Figura 1.18.Proceso de combustion en el reactor de reduccidm@roceso CLOU.

En el proceso CLOU la oxidacion del combustibledsbbcurre en dos pasos. Primero
el transportador de oxigeno se descompone y lipdgeno gaseoso segun la Ecuacion
(1.6):

Me O, —~ Me,O,, +1/20, (1.6)

A continuacion, el combustible reacciona con elgerb, como en una combustion
convencional, para producir G® H,O, segun la Ecuacion (1.7):

C.H,,+(n+m/2)0, - nCQO, + mH,O 1.7)

El transportador reducido en el reactor de reduc&$ transportado al reactor de
oxidacion, donde reacciona con el oxigeno del &ceacion (1.8):

1/20,+MeO, , -~ Me,O, (1.8)
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El proceso CLOU tiene las mismas ventajas que @tgso CLC. De este modo, la
entalpia total desprendida en los reactores deccétuy oxidacion es la misma que en
una combustiébn convencional. También el ,C® el HO estan separados

inherentemente delJNlel aire, por lo que no hay gasto energético garseion.

Los transportadores de oxigeno para el proceso Ci€lign tener unas caracteristicas
especiales necesarias para reaccionar de formasitdeecon el oxigeno a alta
temperatura, de forma que sean capaces de libdgano en el reactor de reduccion y

recuperarlo en el reactor de oxidacion. El prosesbasa en el uso del equilibrio redox
de descomposicion de algunos oOxidos metélioémaxoy — Me QH+}£ Q) para
generar Q a alta temperatura, entre 800 y 1200 °C, y pastednte regenerarse con

aire. Se han identificado tres sistemas de Oxidetallnos que presentan estas
caracteristicas: CuO/@0, Mn,O3/Mnz04, y Ca04/Co0 [35].

En la Figura 1.19 se muestran la concentraciorxégeno en equilibrio en funcion de la

temperatura para los tres sistemas redox consiaeaia el proceso CLOU.

Mn20O3
S
S 40 Mn304
= Co
p 304
c
S 30 -
= CoO
o
(O]
©
5 20 A
& Cuo
=
@ 10
Q Cu,O
c 2
P T A A A —
4% 0,
0 L T T
700 800 900 1000 1100
T (°C)

Figura 1.19.Concentracion de £en el equilibrio para los sistemas CuG/fGUMnO3/Mn30;
C0;0,/Co0 en funcion de la temperatura [37].

Un punto clave del proceso es la temperatura dexoige del reactor de oxidacion para
poder conseguir un maximo aprovechamiento deluiligado. En principio, podemos
suponer que se use un 20% de exceso de aire, d® feimilar a las calderas
convencionales de combustién de carbon, lo quensugoe la concentracion de ®la
salida del reactor de oxidacion es del 4%. La teatpea necesaria para obtener esta
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concentracion a la salida del reactor de oxidaeanm en funcion del sistema de 6xido

metdalico utilizado.

En el caso del sistema CuO/Cuesta concentracion se obtiene sobre los 950ifC. S
embargo, para el sistema pMIW/Mn3;O, habria que descender hasta los 815 °C y a los
840 °C en el sistema ¢0y/CoO, para obtener la misma concentracion a ldaalel
reactor de oxidacion. Por otro lado, la temperateaoperaciéon en el reactor de
reduccion debe de ser suficientemente alta paranebtuna alta velocidad de
descomposicion, ya que esta depende tanto de Eacd@ de reaccion como de la
concentracién de oxigeno en equilibrio, siendo esia elevada cuanto mas alta sea la
temperatura. La Tabla 1.6 muestra la ventana dexcipa en un sistema CLOU con los
diferentes transportadores de oxigeno propuestoaoGe puede observar la diferencia
de temperaturas entre ambos reactores es mayol sistema MpO3/MnzO, y
Co04/Co0 que en el CuO/GO. Aunque estas diferencias de temperaturas son
asumibles en un sistema CLOU [35], dificulta laegracion energética entre ambos
reactores. Es mas conveniente trabajar con elngmast@uO/CpO, cuya integracion

energética es mas sencilla debido a la menor didex@le temperatura entre reactores.

Tabla 1.6.Ventana de operacion en cada reactor para loedifs transportadores de oxigeno
propuestos para el proceso CLOU.

Transportador de oxigeno Temperatura RR (°C) Temperatura RO (°C)

CuO/CyO 900-950 900-950
Mn,O5/Mn;0, 850-900 800-825
C0,0,/Co0 850-900 825-840

Respecto a la capacidad de transporte de oxigeihus diferentes sistemas de éxidos
metalicos, la capacidad de transporte de oxigenmougsdistinta para los tres sistemas
redox considerados; ver Tabla 1.7. La capacidattashsporte de oxigeno del sistema
Mn,Os/Mn3z0, y del sistema G®,/CoO son un 33% y 66%, respectivamente, respecto
a la capacidad del sistema CuO/OuPor lo tanto este ultimo sistema redox es mas
atractivo para el proceso CLOU, ya que es necesagizos cantidad de material para

transportar la misma cantidad de oxigeno.

Tabla 1.7.Capacidad de transporte de oxigeno para los istpares redox en el proceso CLOU.

Transportador de oxigeno g O,/100 g material
CuO/CyO 10
Mn,Os/Mn30, 3.3
Co;0,/Co0 6.6
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Finalmente, las siguientes reacciones muestranntalpéa de reaccion de los tres
sistemas redox propuestos. Se muestran tantodasioaes de descomposicion, como
la reaccion global de combustion en el reactor etkigcion para la combustion de

carbono en la ventana de operacion propuesta ambemte.

CuO/Cu,0O

4CuO«— 2Cy O+ Q AH,,, = 261.6kJ /mol Q (1.9)
C+0, - CO, AH,,. =-395.0kJ /mol G (1.10)
ACuO+C - 2Cu,0+CO, AH,,. =-133.4kJ /mol Q (1.11)
Mn 203/Mn 304

6Mn,0, — 4Mn,0,+ Q, AH,,s = 193.4kJ /mol Q (1.12)
C+0, - CQO, AHg,. =-394.9kJ /mol G (1.13)
6Mn,0, +C — 4Mn,0, +CO, AHg, =-201.5kJ /mol Q (1.14)
C0304/Co0

2C0,0, — 6Co0+ Q AH,,, = 407.5kJ /mol Q (1.15)
C+0, - CO, AH,.. =-394.9kJ /mol Q, (1.16)
2Co,0, +C - 6C00+CO, AHg,. = 12.6kJ /mol Q, (1.17)

Con los tres metales, las reaccion de liberaciéroxigeno es endotérmica (R.1.9,
R.1.12 y R.1.15). No obstante, al afiadir la reaccié combustion, la reaccién global
en el reactor de reduccion es exotérmica en ldensés CuO/CiD y Mn,O3/Mn3z04
(R.1.11 y R.1.14), pero es endotérmica para ekrsgtCg0O,/CoO (R. 1.17). La
integracion energética en el sistema CLOU detemrailzes temperaturas a la que deben
operar ambos reactores para que el sistema sédeesidepende de si la reaccion en el
reactor de reduccion es exotérmica o endotérmick ®@accion que tiene lugar en el
reactor de reduccion es exotérmica, es posible mamia temperatura de operacion del
reactor de reduccién y elevar asi la concentrad&@ en el equilibrio, aumentando la
velocidad de conversién del combustible. La inteigira energética obliga a extraer
calor del reactor de oxidacién y de esta forma wede elegir una temperatura de
operacion inferior en el reactor de oxidacion, le gnaximiza el aprovechamiento del

aire introducido para la regeneracion del transyplot de oxigeno. Por lo tanto el
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sistema debera operar a diferentes temperaturasl esactor de reduccion y en el
reactor de oxidacion, para aprovechar las propesiddl equilibrio de descomposicién-
regeneracion, como se ha visto con la Figura 1.19.

El desarrollo del proceso CLOU comenzé en el af@®2fdn los trabajos de Mattisson
y col. [35, 36] y se ha realizado de forma paratelaesta Tesis Doctoral. Ese afio se
publicaron los primeros trabajos sobre transportiale oxigeno con propiedades
CLOU, basados tanto en el 6xido de cobre como @osxe manganeso [35, 36, 38-
40]. Mattisson y col. estudiaron el proceso CLOW tmnsportadores de oxigeno de
cobre soportados sobre Zr@ Al,Oz; en un reactor de lecho fluidizado discontinuo
usando como combustible G coque de petrdleo. En estos trabajos se obtugday
conversion de char en el proceso CLOU puede llagaar 2 6rdenes de magnitud mas
rapida que en el procesG-CLC [35, 36]. Por otro lado, también se llevoaba el
estudio de transportadores de oxigeno basadosidoséke manganeso [39], y dea
espinela de calcio-manganeso, CaMrf@0]. Ambos se analizaron en un reactor de
lecho fluidizado discontinuo con GHy coque de petroleo, obteniéndose peores

resultados que con los transportadores de Oxidnlole.

Debido a su mayor facilidad de integracion enecgétentre reactores y su alta
capacidad de transporte de oxigeno, se ha seladdogl sistema CuO/@D en esta

Tesis Doctoral como el mas adecuado para su usbpgaceso CLOU.

Los prometedores resultados iniciales en el pro€Ga€oU han promovido el interés de
varios equipos de investigacion en el desarrollomuakevos materiales con propiedades
adecuadas para su uso como transportadores denoxdgesl proceso CLOU. A dia de
hoy, hay unas 40 publicaciones focalizadas en eardallo y evaluacion de
transportadores de oxigeno para CLOU. Los estusBosentran en el andlisis de la
reactividad de los materiales tanto en TGA comoreactores de lecho fluidizado
discontinuo, usando combustibles gaseosos,,(Gjds de sintesis) o combustibles
sélidos (diferentes tipos de carbones, char, cagh®masa). La Tabla 1.8 muestra un
resumen de los transportadores de oxigeno basadisdo de cobre, existentes en la
literatura para el proceso CLOU, clasificados plocantenido en CuO, el material

utilizado como soporte y el método de produccion.
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Tabla 1.8.Transportadores de oxigeno basados en CuO paraceiso CLOU de la literatura hasta 2014.

Instalaciéon

Otro Metal Material de Metodao Combustible®

soporte prep. laboratorio ®
5-87 Mineral TGA, LFD 2012, [41]
21 Mineral A LFD 2014, [42]
100 n.d. n.d. TGA 2011, [43]
60 FeOs SD CH, GS LFD 2013-14, [44, 45]
40 Fe0s(41)+Mns0(19) SD CH.. GS LFD 2013-14, [44, 45]
31 MnyO; E CH, LDF 2013, [46]
5-61 Mn,O, FG CB LFD 2013, [47]
70-90 AbO; CP TGA 2014, [48]
60 Al,Os FG CH,, CP LFD 2009, [36]
60 ALOs, I, E TGA 2011-12, [49]
40 Al,Os SD CH, LFD 2011, [50]
30-53 AbO; CP CO LFD 2013, [51]
36 Fe:05(40) Al,Os SD CH,, GS LFD 2013-14, [44, 45]
60 CeQ E CH, GS 2012, [52]
40 CeQ SD CH,, GS, GN LFD 2013-14, [44, 45]
40 CeQ+La,0s SD CH, GS LFD 2013-14, [44, 45]
n.d CeQ CP CH, TGA, LFD 2012, [53]
60 C89Gth1019 E CH, GS 2012, [52]
25-45 Cemento MM L LFD 2013, [54]
n.d. CuAbO, SG A B,CC,L LFD 2013, [55]-56]
70-90 MgAI,O, cP TGA 2014, [48]
60 MgALO,, I, P TGA, LFD 2011-12, [49, 57)
60 MgAl,0, SD A B, Bm, L TGA, LFD 2012-14, [58-63]
40 MgALO, SD CH, CB LFD 2011-12, [50, 64]
40 MgAl,0, SD CH, LFD 2013, [65]
40 MgALO, SD CH, GS LFD 2013, [44]
40 MgAI,O, FG - Horno 2014, [66]
n.d MgALO, CP CH TGA, LFD 2012, [53]
40 MgAl+La,0s SD CH,, GS LFD 2013-14, [44, 45]
40 MgAI+SiO, SD CH, LFD 2013, [65]
40 MgAI+TiO, SD CH, LFD 2013, [65]
60 MgO P TGA, LFD 2011-12, [49, 57,
40 Fe:05(48) MgO SD CH,, GS LFD 2013-14, [44, 45]
n.d Mn,Os CP CH TGA, LFD 2012, [53]
60 Sepiolita E,P TGA, LFD 2013-14, [49, 57]
19-61 B-SiC l, ER TGA 2013, [67]
60 Sio, E, P TGA,LFD 2011-12, [49, 57]
60 SiQ I TGA 2013, [68]
40 Si0, SD CH, LFD 2013, [65]
20 SiQ I TGA, LFD, LF 2012, [69]
n.d. Sio, n.d. n.d. TGA, LFD 2010, [38]
40 SiQ+TiO, SD CH, LFD 2013, [65]
60 TiO, E TGA, LFD 2011-12, [49, 57]
60 TiO, I TGA 2013, [68]
50 TiO, MM TGA, LFD, LF  2012-14, [69-71]
40 TiO, SD CH, LFD 2013, [65]
60 Zr0,, E,P n.d TGA, LFD 2011-12, [49, 57]
55 Zro n.d FG TGA, LFD, LF  2012-14, [69-71]
40 Zr0, FG CP LFD 2009, [35]
40 ZrQ SD CH, GS GN LFD 2013-14, [44, 45)
40 Zr0,+Ca0 FG CH, LFD 2013, [72]
40 Zro+CeQ FG CH, LFD 2013, [72]
40 Zr0,+L2,05 SD CH,, GS LFD 2013-14, [44, 45]
40 ZrO+MgO, FG CH, LFD 2013, [72]
40 ZrO-Y SD CHa, GS, GN LFD 2013-14, [44, 45]
®Método de preparacion: ®Combustible: ‘Instalacién de laboratorio:
CP = Co-precipitacion A = Antracita LFD = Lecho fluidizado
E = Extrusion B = Carbdn Bituminoso discontinuo
ER = Evaporacion rotativa Bm = Biomasa LF = Lecho fijo
FG =Freeze granulation CB= Char de Biomasa TGA = Termobalanza
| = Impregnacion CC = Char de Carbén
MM = Mezcla masica CP = Coque de Petréleo n.d. = no disponible
P = Presion GS = Gas de Sintesis
SD =Spray drying L = Lignito
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Como puede observarse, existen mas de 55 mateddk®ntes que se han ido
evaluando de forma paralela al desarrollo de estésDoctoral. Sin embargo, son muy
pocos los materiales evaluados en sistemas CLOtdm@imuo, donde se puede evaluar
realmente la idoneidad de un transportador de origera un sistema industrial y su
comportamiento sobre las eficiencias de combusti@aptura de C® La Tabla 1.9
muestra los diferentes materiales evaluados enriexgr@os en planta en continuo,
utilizando combustibles sdlidos, liquidos o gasepgmra el proceso CLOU. Cabe
destacar que los Unicos trabajos en los que se edrauel concepto CLOU con

combustibles sélidos forman parte de esta Tesisdtaic

Tabla 1.9.Transportadores de oxigeno para el proceso CL@Uiados en plantas en continuo de la
literatura hasta 2014.

Cu VECE Método de Combustibl& . Tiempo =

(%) de soporte preparacion Gas/Liquido Sélido PEETEE () Operacion (h) 40D, [RELL

40 CeQ SD CH,, GS, GN 300 5 2013-14, [44, 45]
2012-14,

60 MgAI,O, SD A B,Bm, L 1500 135 Esta Tesis

40 ZrO; SD CH, GS GN 300 7 2013-14, [44, 45]

20 ZrQ, SD Q 300 17 2012, [73]

40 ZrO-Y SD CH,, GS, GN 300 11 2013-14, [44, 45]

®Método de preparacion:

SD =Spray drying

®Combustible:
A = Antracita

B = Carb6n Bituminoso
Bm = Biomasa

GN = Gas natural

GS = Gas de Sintesis
L = Lignito

Q = Queroseno

1.6 Objetivo y plan de trabajo

El objetivo de esta Tesis Doctoral ha sido demps$traiabilidad de la combustion de
diferentes combustibles solidos (carbones de difereango y biomasa) con captura de
CO;, segun el proceso denominado CLALhémical Looping with Oxygen Uncoupljng
en un sistema en continuo. En este caso se pretditidar la propiedad del CuO en un

transportador de oxigeno para generag&seoso.

El plan de trabajo llevado a cabo para cumplirbgétivo comenzd con el desarrollo y
caracterizacion de diferentes transportadores dgeog basados en CuO adecuados

para la combustion de combustibles sdlidos (carpdniomasa) mediante el proceso
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CLOU. Se prepararon distintos materiales con difex® contenidos en CuO, distintos
soportes y utilizando varios métodos de preparadidtos materiales se caracterizaron
quimica y fisicamente por diferentes técnicas: SHDX, XRD, porosimetria de
mercurio, adsorcion de,NBET), picnometria de He y determinacion de lasteacia
mecanica. Ademas, se determind la reactividad de ceaterial tanto para el proceso de

generacion de oxigeno como para su regeneracion.

En el Instituto de Carboquimica se realizé iniceiie una caracterizacion de
transportadores de CuO por medio de la medida sleesictividades redox en, M aire

en TGA y su resistencia mecanica, para los tratespores de oxigeno preparados por
impregnacion himeda incipiente, extrusion, compresi spray drying También se
determiné su capacidad de desprender oxigeno gaaetiferentes temperaturas, junto
a la velocidad de atricion y la tendencia a la egliacion durante un alto nimero de
ciclos redox N-aire en un reactor de lecho fluidizado disconti(uiiculo ). Una vez
seleccionados los mejores candidatos se llevod a uah segunda caracterizacion de
transportadores de oxigeno basados en cobre pdeggvar un método industrial como
es elspray drying.Uno de los materiales seleccionados contiene un @®%uO y se
utilizé MgAIl,O, como material inerte. Este material se caractadndo fisica como
guimicamente (Articulo 1l). El resto de materiatedeccionados contenian un 40% de
CuO y como inertes se emplearon Mgy, Si0G, y TiO,, tanto puros como mezclas de
ellos en diferentes proporciones (Articulo Ill).t&drabajo se desarroll6 durante una
estancia en la Universidad Tecnolégica de Chaln{@stemburgo, Suecia). Los
transportadores preparados también se caracterizqudmica y fisicamente por
diferentes técnicas y se determind su reactividad gapacidad de desprender oxigeno
gaseoso a diferentes temperaturas. También seodelaluelocidad de atricion y la
tendencia a la aglomeracion durante un alto narderoiclos redox en un reactor de
lecho fluidizado discontinuo. De todo este procssoselecciond un transportador de
oxigeno que cumplia todas las condiciones parausado como transportador de
oxigeno en el proceso CLOU: alta reactividad, ajacidad de atricion y sin tendencia
a la aglomeracién. Posteriormente, se analizopaadad del transportador de oxigeno
para convertir un combustible sélido (carbén y Llesr un reactor de lecho fluidizado
discontinuo (Articulo V). Adicionalmente, se amdi su maxima velocidad de
generacion oxigeno en funcién de la temperaturaedecion. Se encontré que el

transportador de oxigeno era capaz de produciearign condiciones de equilibrio en
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todas las condiciones operacionales analizadakjsmmacuando las conversiones del

transportador de oxigeno eran altas.

Este transportador de oxigeno se utilizod en unalata en continuo consistente en dos
reactores de lecho fluidizado interconectados aua potencia de 1.5 k\Wdonde se
demostré por primera vez durante mas de 45 horgsoekso CLOU quemando un
carbén bituminoso (Articulo V). Se determinarondéisacias de combustion y captura

de CQ, asi como el efecto de las principales variabéespkracion.

Una vez demostrado el proceso, se estudié en taptn continuo la capacidad del
proceso CLOU para procesar distintos tipos de catitila solido (Articulo VI). Se
usaron carbones de reactividades muy diferentelggnito, dos carbones bituminosos y
una antracita. Con los datos obtenidos se reatizéstudio de los inventarios de sélido
minimos necesarios para tener una alta eficacizagura de C® con diferentes
combustibles. También se llevé a cabo la demosimagdel proceso CLOU cuando se
utiliza un combustible renovable como es la biomaddeniéndose unos resultados
muy prometedores respecto a la eficacia de capen@Q y del inventario necesario
(Articulo VII).

Continuando con el desarrollo del proceso CLOUles® a cabo un estudio del efecto
del azufre presente en el combustible (Articuld)VPara ello se utilizé en la planta en
continuo un lignito con alto contenido en azufre2¢s en peso) y se analizaron las

emisiones de contaminantes, asi como su posildtoefa el transportador de oxigeno.

Finalmente, se realiz6 una comparativa de los tados obtenidos entre los procesos
iG-CLC y CLOU en la planta en continuo con difererdembustibles solidos (Articulo
IX). Se analizaron las diferencias en las eficadeg€ombustién y captura de ¢£fara
tres carbones de diferente rango en ambos procéstmmas, se analizaron las
diferencias en las velocidades de conversion de goa ambos procesos para

relacionarlas con las diferencias encontradassefieiencias.

Para el disefio basico de los reactores de redugad@itdacion de un proceso CLOU es
necesario conocer la cantidad de solidos necesaritbs reactores de oxidacion y

reduccion, asi como la velocidad de circulacion td@hsportador de oxigeno entre
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V1.

ambos reactores. Para calcular los inventariosnmoiside solidos necesarios se estudio
la cinética de las reacciones de reduccion y oxdadel transportador desarrollado
(Articulo X) en la TGA. Con los datos cinéticos etitlos, se realizd una optimizacion
del inventario necesario tanto en el reactor deagedn como en el de oxidacion para

alcanzar elevados valores de captura de @¥ando diferentes combustibles solidos.

1.7 Publicaciones Cientificas y Congresos

Las publicaciones cientificas realizadas en elrdeléa de esta Tesis Doctoral son las

siguientes (numeradas con nUmeros romanos):

P. Gayan, |. Adanez-Rubio, A. Abad, L. F. de Die§o,Garcia-Labiano, J. Adanez.
Development of Cu-based oxygen carriers for Chericaoping with Oxygen
Uncoupling (CLOU) procesd-uel 2012, 96, 226-238.

I. Adanez-Rubio, P. Gayan, A. Abad, L.F. de DiggoGarcia-Labiano, J. Adanez.
Evaluation of a spray-dried CuO/MgAD, oxygen carrier for the chemical-looping
with oxygen uncoupling proces&nergy & Fuels 2012, 26, 3069-3081.

I. Addnez-Rubio, M. Arjmand, H. Leion, P. Gayan, Abad, T. Mattisson, A.
Lyngfelt. Investigation of combined supports for Cu-based ggp carriers for
chemical-looping with oxygen uncoupling (CLOU)nergy & Fuels 2013, 27,
3918-3927.

I. Adanez-Rubio , A. Abad , P. Gayan, L. F. de Didg. Garcia-Labiano, J. Adanez.
Identification of operational regions in the Chemad-Looping with Oxygen
Uncoupling (CLOU) process with a Cu-based oxygemrea. Fuel 2012, 102, 634-
645.

A. Abad, I. Adanez-Rubio, P. Gayan, F. Garcia-Labjd_. F. de Diego, J. Adanez.
Demonstration of chemical-looping with oxygen ungoling (CLOU) process in a
1.5 kW, continuously operating unit using a Cu-based oxygearrier. Int. Journal
of Greenhouse Gas Control 2012, 6, 189-200.

I. Adanez-Rubio, A. Abad, P. Gayan, L. F. de DiggoGarcia-Labiano, J. Adanez.
Performance of CLOU process in the combustion offelient types of coal with
CO, capture.International Journal of Greenhouse Gas ControB202, 430-440.
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I. Adanez-Rubio, A. Abad, P. Gayan, L. F. de DiggoGarcia-Labiano, J. Adanez.
Biomass combustion with COcapture by Chemical Looping with Oxygen
Uncoupling (CLOU).Fuel Processing Technology, 2014, vol. 124, np. Q04-114.

I. Adanez-Rubio, A. Abad, P. Gayan, F. Garcia-Labjd_. F. de Diego, J. Adanez.

The fate of sulphur in the Cu-based Chemical Looginvith Oxygen Uncoupling

(CLOU) processApplied Energy 2014, 113,1855-1862.

J. Adanez, P. Gayan, |. Adanez-Rubio, A. Cuadraid@ndiara, A. Abad, F. Garcia-
Labiano, L.F. de DiegdUse of Chemical-Looping processes for coal combursti
with CO, capture.Energy Procedia 2013, 37, 540-549.

I. Adanez-Rubio, P. Gayan, A. Abad, F. Garcia-Labjd_. F. de Diego, J. Adanez.
Kinetic analysis of a Cu-based oxygen carrier. Red@ce of temperature and
oxygen partial pressure on reduction and oxidatioseactions rates in Chemical
Looping with Oxygen Uncoupling (CLOU)Chemical Engineering Journal, 2014,
vol. 256, no. 0, p. 69-84.

Informe de contribucién

Co-autor, responsable de parte del trabajo éxgertal, evaluacion de datos y

escritura.

i, i, 1v, Vv, VI, VI, VIII: Autor principal, responsable del trabajo experimental,

evaluacion de datos y escritura.

IX: Co-autor, responsable del trabajo experimep&taluacion de datos.

X: Autor, desarrollo del modelo, evaluacion de dat@scritura.
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2 Seccion experimental
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2.1 Preparacion de transportadores de oxigeno

Los transportadores de oxigeno utilizados en essésTDoctoral estdn compuestos por
oxido de cobre Il (CuO) como fuente de oxigeno mhnaroceso de combustion, y un
inerte como aglutinante para aumentar la residenwcanica y la estabilidad del
transportador de oxigeno. Durante la selecciérmratesportadores de oxigeno, éstos se
prepararon por métodos diferentes: impregnaciénedanincipiente, mezcla masica
seguida de extrusion, mezcla masica y compresipargpay dryingutilizando como
inertes ApO3, MgAI,O,4 sepiolita, SiQ, TiO,, ZrO, o MgO. Posteriormente se
realizaron diferentes etapas de sinterizacién yizzho para obtener particulas con
resistencia mecanica y tamafio adecuado para snusdecho fluidizado.

2.1.1 Impregnacion humeda incipiente

Se utilizaron los siguientes materiales como sepootosoy-Al,0O; comercial (Puralox
NWa-155, Sasol Germany GMBHJ-Al,O3 (obtenida por calcinaciéon deAl,Os; a
1150 °C durante 2 horas), y Mg@, (preparado en el ICB-CSIC por impregnaciéon de
v-Al,O3 con nitrato de magnesio). Las particulag-dd .03, a-Al,03 y MgAI,O, tienen

un tamafio de +0.1-0.3 mm con densidades de 1.9,2&g/cniy porosidades de 55.4
%, 47.3 % y 50.0 %, respectivamente. Para la paefiar de los transportadores de
oxigeno se preparé una disolucién saturada detanitta cobre. A continuacién se
afadia sobre las particulas de soporte un volumeenesia disolucion saturada
correspondiente al volumen total de poros de ladcp#as. La disolucion se afadio
lentamente a las particulas del soporte, en candisi de agitacibn completa y a
temperatura ambiente. La cantidad de fase actiwead se consigue aplicando
sucesivas impregnaciones seguidas de calcinacergs0 °C, en atmoésfera de aire
durante 30 minutos, para descomponer el nitratel @xido metalico. Finalmente los
transportadores se sinterizaban durante 1 hor® &85Se prepararon transportadores
con contenidos en oxido de cobre del 15 al 33%.
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2.1.2 Extrusion

Estos transportadores de oxigeno se prepararonlaugxido de cobre puro comercial
(Panreac, pureza > 99.5%), con un tamafo de particl0 pum. Como inertes se
utilizaron: AhLOs, sepiolita (Absorbente General QP, Panreac, de position
Mg4SisO15(0OH),- 6H0), SIG (99% pureza; Sigma Aldrich), T§d99% pureza; Sigma
Aldrich) y ZrO, (99% pureza; Sigma Aldrich). El polvo mezcladalityendo el 6xido
metalico y el inerte en las condiciones deseadas, ¥0% de grafito (Sigma Aldrich;
dp: 1-2 pm), se convirtio, por adicion de agua, ea pasta de viscosidad adecuada para
ser extruida en una jeringuilla. Se obtuvieron w@gtys cilindricos con unos 2 mm de
diametro. Estos extruidos fueron suavemente secad86 °C durante una noche,
cortados a la longitud deseada (sobre 4 mm) yriiatios a diferentes temperaturas
entre 950 y 1300 °C durante 6 horas en una muitalrirente, los extruidos fueron
molidos y tamizados a un tamafio adecuado pargkriexentacion (+0.1-0.3 mm).

2.1.3 Compresion

Los transportadores de oxigeno por compresion eygapron usando o6xido de cobre
(II) puro comercial con tamafio de particula <10 {Panreac, pureza > 99.5%). Como
inertes se utilizaron los siguientes Oxidos conadesi MgALO, (Baikowski, S30CR),
Zr0O, (99% pureza; Sigma Aldrich), sepiolita (Absorbe@&neral QP, Panreac) y MgO
(99% pureza, Panreac). En la preparacion se afiafito@ la mezcla como aditivo para
la formacion de porosidad durante la calcinaci@mezcla del 6xido metélico activo y
el solido inerte en las proporciones deseadas) gon 0.5-10% de grafito, se mezclaba
en un molino de bolas durante 2 horas y posteriotense pelletizaba por compresion
en una prensa hidraulica a 160 bar, obteniéndoBetgeilindricos de 10 mm de
diametro y 20 mm de longitud. Estos pellets fuecattinados entre 950 y1300 °C,
durante 6-24 horas. Finalmente los pellets fuerotidos y tamizados para obtener el
tamafio de particula deseado (+0.1-0.3 mm).

2.1.4 Spray Drying
El spray dryinges un método industrial de preparacién de paa$cque puede ser
utilizado para la preparacion de transportadoresxéeno a gran escala. Las particulas

de transportador de oxigeno fueron preparadasapempresa VITO (Flemish Institute
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for Technological Research, Belgium) usando CuOni@w, PRS) y distintos
materiales como soportes: espinela de M@AI(Baikowski, S30CR), Ti@ (Alfa
Aesar), SiQ (SilverBond M800, Sibelco) y Zrid99% pureza; Sigma Aldrich).

Se prepararon transportadores de oxigeno con urreda de CuO entre un 40% y un
60% y se utilizaron tanto un Unico inerte como neexzade éstos en diferentes
proporciones. Las particulas preparadas con und®%uO fueron calcinadas durante
4 h a temperaturas que variaron entre los 950 y1l@30°C. Las particulas de
transportador fueron tamizadas para obtener elftarde particula deseado (+0.125-
0.18 mm).

Por otro lado, el transportador de oxigeno prepapsd spray dryingcon un 60% de
CuO y como soporte espinela de MgdJ fue calcinado a 1100 °C durante 12 h. No
obstante, tras la recepcion del material las pdascfueron calcinadas una segunda vez
para incrementar su dureza. El tiempo total dar@tan de las particulas fue de 24 h a
1100 °C. Finalmente, las particulas de transportdeyon tamizadas para obtener el
tamafo de particula deseado (+0.1-0.3 mm). La dasign de este transportador de
oxigeno en la presente Tesis Doctoral es Cu60MdAl 1S Figura 2.1 muestra una
foto de estas particulas.

En la Tabla 2.1 se muestran todos los transpoeadpreparados. La nomenclatura

utilizada en la tabla sefiala tanto el conteniddCa@®, como el soporte, el método de

preparacion y la temperatura de calcinacion.
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Transportador de

CuO

Soporte (%)

T2 calcinacion

Tiempo

Tabla 2.1.Condiciones de preparacion de los diferentespiatedores de oxigeno desarrollados.

Grafito

oxigeno (%) (9 calcinacion (h) (%)
Impregnacion humeda incipiente
Culby-Al_I850 15 v-Al O3 (85) 850 6
Cu33-Al_1850 33 y-Al,05(67) 850 6
Cul%-Al_I850 15 a-Al,05(85) 850 6
Cul5MgAl_I850 15 MgAIl,0,(85) 850 6
Cu21MgAl 1850 21 MgAJO, (79) 850 6
Mezcla masica y extrusion
CuB80AI_E1100 80 Al0;(20) 1100 6
Cu60Al_E1100 60 Al,03(40) 1100 6
Cu80Sep_E950 80 Sepiolita (20) 950 6 ---
Cu60Si_E950 60 SiO, (40) 950 6
Cu80Si_E950 80 Sig§20) 950 6
Cu40Ti_E950 40 TiO, (40) 950 6
Cu80Ti_E950 80 Tig(20) 950 6
Cu60Ti_E950 60 TiO, (40) 950 6
Cu80Zr_E950 80 Zrg(20) 950 6
Cu60Zr_E950 60 ZrO, (40) 950 6
Mezcla masica y compresion
Cu60MgAl_P950 60 MgAl, (40) 950 6 10
Cub60MgAl P1100 60 MgAl,0, (40) 1100 6 10
Cu60MgAl_P1300 60 MgAD, (40) 1300 6 10
Cu60MgAl_P1100a 60 MgAl,0, (40) 1100 6 0.5
Cu60MgAIl_P1100b 60 MgAD, (40) 1100 12 0.5
Cu60Zr_P950a 60 Zr0O, (40) 950 6 0.5
Cu40Zr_P1100a 40 Z40) 1100 6 0.5
Cu60Zr_P1100a 60 Zr0O, (40) 1100 6 0.5
Cu60Mg_P1100a 60 MgO (40) 1100 6 0.5
Cu60Sep_P1100 60 Sepiolita (40) 1100 6 10
Cu60Si_P950 60 SiO; (40) 950 6 0.5
Cu60Si_P950 60 SiO; (40) 950 6 0.5
Spray drying
Cu60MgAl_SD 60 MgAI,0, (40%) 1100 24
Cu40Zr_SD 40 Zr0, (60%) 1100 24
C4T6_950 40 TiO, (60) 950 4
C4T6_970 40 TiO, (60) 970 4
C4MA6_1000 40 MgAI,O, (60) 1000 4
C4MA6_1030 40 MgAl,0, (60) 1030 4
C4S6_1000 40 SiO, (60) 1000 4
C4S6_1030 40 SiO; (60) 1030 4
C4AMAAT2_970 40  MgAl,0, (40) TiG, (20) 970 4
CAMA4T2 1000 40 MgAl,0, (40) TiO; (20) 1000 4
C4AMA2T4_970 40  MgAl,0, (20) Ti0, (40) 970 4
C4MA2T4 1000 40 MgAl,0, (20) TiO; (40) 1000 4
C4MA4S2_1000 40  MgAl,0, (40) SiQ (20) 1000 4
C4MA4S2_1030 40 MgAl,0, (40) SiQ (20) 1030 4
C4T4S2_950 40 TiO, (40) SiG (20) 950 4
C4T4S2_970 40 TiO; (40) SiG (20) 970 4
C4T2S4_1000 40 TiO, (20) SiG (40) 1000 4
C4T2S4 1030 40 TiO;, (20) SiQ (40) 1030 4

*a = 0.5% grafito, b = 0.5% grafito + 12h de tienggocalcinacion.



2.2 Combustibles sélidos

Se han usado diversos combustibles solidos durantealizacion de esta Tesis
Doctoral. Principalmente, se han usado carboneslifdeente rango: una antracita
espafiola del Bierzo, tres carbones bituminososepgmtes de Colombia, Sudafrica y
Republica Checa, junto a un lignito de Teruel. $effl caracterizacion ASTM, el
carbon de Republica Checa es un carbdon bitumin@go én volatiles (BV), el
sudafricano es un carbon bituminoso medio en Veta{MV) y el de Colombia es un
carbon bituminoso alto en volatiles (AV). Ademasimeestigé el uso de biomasa de
pino en el proceso CLOU, procedente de Anso (H)gesaga principal caracteristica es
su elevado contenido en volatiles (82%), muy sopeai de los carbones. El andlisis
inmediato y elemental junto al poder calorificoemdr (PCI) de los diferentes
combustibles puede verse en la Tabla 2.2. Hay egedtar el alto contenido en ceniza
del lignito (25.2 %) y de la antracita (31.6 %).tBmmafo de particula usado para los

carbones fue de +0.2-0.3 mm y para la biomasa de2-6hm.

Por otra parte, el carbén colombiano mostraba ute tendencia a hincharse,
obstruyendo la alimentacion de carbon al reactor relguccion. Para evitar el
hinchamiento se procedio a pre-tratar térmicamehtwarbon. Para ello, el carbén se
calenté a 180 °C en atmosfera de aire durante & ie4]. El andlisis del carbén pre-
tratado se muestra también en la Tabla 2.2. Comngcipal caracteristica cabe destacar
que la pre-oxidacion ha incrementado el contenielaxigeno en el carbon del 7 al

17.6%, pero se eliminaba la tendencia al hinchaimigm la aglomeracion.

Tabla 2.2.Propiedades de los combustibles sélidos usados.

Bitum. Bitum. Bitum. Bitum. AV Bitum.

ANITEELE BV MV AV Fresco Pre-tratado AV Char SIS e
Andlisis Inmediato (%)
Humedad
Volatiles
Carbono
Fijo
Ceniza
Andlisis Elemental (%)
60.7 75.8 69.3 70.8 65.8 51.4
2.1 3.7 3.9 3.9 3.3 0.7 25 6.5
0.9 1.9 1.9 1.7 1.6 1.3 0.6 0.3
1.3 0.4 0.9 0.5 0.6 0.6 5.2 0.0
2.4 4.1 5.4 7.0 17.6 0.8 8.5 37.2
- 21900 28950 25500/ 25900 21900 16250 19200
(kJd/kg)
1

Oxigeno por balance
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Finalmente, durante las investigaciones realizatagsta Tesis Doctoral también se
empledé como combustible char procedente del catbtiombiano “El Cerrejon”. Para
producirlo, se llevé a cabo la desvolatilizacidhabon bituminoso con alto contenido
en volatiles pre-tratado. Para ello, particulasa®on se desvolatilizaron en un reactor
de lecho fluidizado discontinuo, usandg 8bmo gas de fluidizacion. El reactor se
calenté desde temperatura ambiente hasta 900 PQyr@ rampa de calentamiento de
20 °C/min. Posteriormente se enfrid el reactor sr@anhdo el lecho fluidizado. El
analisis elemental e inmediato del char producelmeestra en la Tabla 2.2. El tamafio
de particula del char estaba en el rango +0.2-08 ynlas particulas tenian una
densidad de alrededor 1000 kgd/m

2.3 Técnicas de caracterizacion empleadas

Se caracterizaron muestras de particulas, tantscase como usadas, de los
transportadores de oxigeno estudiados durantalizaeién de esta Tesis Doctoral por

medio de diferentes técnicas.

Se determiné el area superficial de las particdeagransportadores de oxigeno por el
método Brunauer-Emmett-Teller (BET) usando el eguificromeritics ASAP-2020,
mientras que el volumen de poro se determiné pgousion de Hg en un Quantachrome
PoreMaster 33. Para la identificacion de las fasistalinas se uso un difractometro de
polvo policristalino Bruker AXS con un monocromadt® grafito. Para determinar la
densidad especifica de las particulas de los tostasjores de oxigeno se usé un
picnémetro de Helio AccuPyc Il 1340 de MicromestiAdemas, se analizaron las
particulas de transportador de oxigeno por micpiscelectronica de barrido SEM
EDX Hitachi S-3400 N de presion variable hasta RaGon un analizador EDX Rontec
XFlash de Si(Li). Se determiné la resistencia m@e@apor medio del equipo Shimpo
FGN-5X, que mide la fuerza ejercida sobre las paldé hasta su fractura. Para obtener
el valor promedio de resistencia mecanica de [fesatites transportadores de oxigeno

se realizaron 20 medidas de resistencia con cama un
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2.4 Instalaciones Experimentales

2.4.1 Termobalanza

Se llevaron a cabo analisis de reactividad loe transportadores de oxigeno en
sucesivos ciclos reduccion-oxidacion en un anatizagrmo-gravimétrico (TGA),
modelo MQ2-M5 de CI electronics [75]. La Figura 2muestra la instalacion

experimental utilizada.

Microbalanza ‘
Purgade '
nitrogeno I { N ’
|
L » Salidade ;g
—S gas b

A 4

Transportador de
oxigeno

(D

Horno

—— Termopar

Figura 2.2.Esquema y fotografia del analizador termogravircétisado para la medida de la
reactividad.

El reactor consiste en dos tubos concéntricos @ezou(de 24 mm y 10 mm d.i.
respectivamente) emplazados en el interior de umohajue puede trabajar a
temperaturas de hasta 1200 °C. La cantidad de raukssteada se coloca en una cestilla
de malla de platino (14 mm de diametro y 8 mm dera) para reducir la resistencia a
la transferencia de masa alrededor de la muestracesstilla con la muestra queda
suspendida de uno de los brazos de la balanzanyreduce en la zona de reaccion. La
temperatura y el peso de la muestra son registelos ordenador. El caudal de gases
reactivos (25 NL/h) se controla mediante una seéeecontroladores de flujo masico,
gue son introducidos por la parte superior deltoga&l flujo de gases se calienta a la
temperatura deseada al fluir hacia abajo por dbagwterior del reactor, antes de entrar
en contacto con la muestra, localizada en la pafégior del reactor. El gas sale del
reactor a través de un tubo de cuarzo interno.llja €ontinuo de M (9 NL/h) fluye a
través de la cabeza de la balanza para mantee&xd@onica libre de gases reactivos.
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Este flujo de gas no pasa por la zona de reacgiée, mezcla con el gas reactivo a la

salida del sistema.

Procedimiento
En primer lugar, el reactor se calentaba hastangératura deseada (entre 900 y 1000
°C) en atmésfera de aire. Posteriormente se realizexperimento sometiendo al

transportador de oxigeno a condiciones alternasdiecion-oxidacion.

En los ciclos de reduccion y de oxidacion de la straese utiliza como gas reactivo
mezclas Naire. Durante la descomposiciéon del CuO enCCe@s necesario que la
concentracién de oxigeno en el gas reactivo seadnfa la concentracion de equilibrio
a cada temperatura. Por otro lado, durante la oxidaocurre lo contrario y la
concentracion de oxigeno en el gas reactivo debsuwgeerior a la concentracion de

equilibrio a cada temperatura.

Evaluacion de datos

De los experimentos de reactividad en TGA se obtiadatos de variacion de masa en
funcion del tiempo durante los ciclos de reduccydnxidacion. Con estos datos se
calcula la conversion del transportador de oxiginta siguiente forma:

En la reduccion: X =M (2.1)
My — Mg
En la oxidacion: X, =1 =M (2.2)
My — Meg

dondem es la masa de la muestra en cualquier momenices la masa de la muestra
totalmente oxidada yn.q la masa de la muestra totalmente reducida. Lecitsd de

generacion de oxigeng, ., s€ calcula con la siguiente expresion:

dXx
roz,red =Ryo dEEd (2.3)

siendoR,, la capacidad de transporte de oxigeno de laspkasi

Inicialmente, para establecer si la resistencia tansferencia externa de masa y/o la
resistencia a la difusion inter-particula afectabda velocidad de reaccion, se variaron
la velocidad del flujo de gas, entre 10 y 40 Nlylta masa de muestra, entre 40 y 100
mg. La Figura 2.3 y la Figura 2.4 muestran las asirsonversion vs. tiempo obtenidas
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durante la reduccion y la oxidacion con diferemesas de muestra o flujos de gas en
la TGA para el transportador de oxigeno Cu60OMgALM®b. Se puede ver que con
masas de muestra inferiores a 70 mg o flujos dengg®res a 10 NL/h, las condiciones
experimentales no afectaban a la evolucion denaession obtenida. Tras este analisis
se selecciono el uso de 25 mg de muestra y un diejgas de 25 LN/h para evitar el

efecto difusional en la determinacion de las velades de reaccién en la TGA.

1.0 R — S ——er——
7 Ve
-8 // ] 1/
= /: 7.
» 064 [// ] 1/
o l; /i
'g // ///
& 04+ [l {1
i /! 40 mg /! 40 mg
o // ~~~~~~~~~~~~~~~~~~~ 50 mg /// ................... 50 mg
g 024 - 0omg |- @ _____ 70
I _ / "o

Q 100 mg / —_——— e — . 100 mg

0-0 T T T T T T T T T

0 1 2 3 4 50 1 2 3 4 5
Tiempo (min) Tiempo (min)

Figura 2.3. Efecto del peso de muestra usado en la TGA etulass conversion vs. tiempo durante los
periodos de reduccién y oxidacion con el transplotale oxigeno Cu60MgAl_P1100b. T = 1000 °C.
Reduccion: 100 vol. % NOxidacién: aire. Caudal gas: 25 NL/h.

1.0 == = p——

/ Reduccion /,"7/ Oxidacion
Z 08 J
S / i
2 i)
‘3 06 / ;/
g | j
S 04 / ;1
Iz , ——— 10nbh | — 10nLh
g / """""""""" 17 nL/h 4’ ................... 17 nL/h
s %21/ T ————- A ) 25 nL/h
O — T 40 nL/h K —_——— e — .. 40 nL/h
0.0 T T T T T T T T T
0 1 2 3 4 50 1 2 3 4 5
Tiempo (min) Tiempo (min)

Figura 2.4. Efecto del flujo de gas alimentado a la TGA erclavas conversién vs. tiempo tanto de
reduccion como en la oxidacion usando como tratagor de oxigeno Cu60MgAI_P1100b. T = 1000°C.
Reduccion: 100 vol. % NOxidacion: aire. Masa: 50 mg.
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2.4.2 Reactor de Lecho Fluidizado Discontinuo | (ci  clos N »-aire)

Para observar el comportamiento de los diferemassportadores de oxigeno, en
condiciones similares a las existentes en el poo€OU, se llevaron a cabo multi-
ciclos de reduccién-oxidacion en un reactor dedeftlidizado discontinuo. En estos
experimentos también se evalué el comportamiergntdr a la aglomeracion y a la

atricion que sufre el material.

En la Figura 2.5 se puede observar un esquemaintgtddacion experimental empleada.
Esta consta de un sistema de alimentacion de gediv@ un reactor de lecho
fluidizado discontinuo, un sistema de recuperadéinsolido elutriado y un sistema de
andlisis de gases. El reactor de lecho fluidizadooditinuo es un reactor de acero
refractario de 54 mm de diametro interno y 500 menattura, con una zona de
precalentamiento justo antes de la placa distrdraidTodo el sistema (reactor de lecho
fluidizado discontinuo y precalentador) se encwenntro de un horno eléctrico. El
reactor tiene dos tomas de presion para la medida dresién diferencial en el lecho.
Los problemas de aglomeracion, causantes de ladpédé fluidizacion del lecho, se
pueden detectar por una pérdida brusca de la prél#iérencial del lecho durante la
operacion. Dos filtros calientes que operan alterammente recogen el solido elutriado
del lecho durante los sucesivos ciclos de redueoiddacion. Un analizador
paramagnético de gases (SIEMENS OxyMat 5) mide dacentracion de Oen

continuo a la salida del reactor.

Filtros

» Chimen §

Termopar Analisis| |
de gas

Horno

Placa distribuidora

Figura 2.5. Instalacion experimental de lecho fluidizado diggmuo I.
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Procedimiento

Para la realizacibn de multiples ciclos de reducawridacion y observar el
comportamiento de los transportadores frente ibdadcion de oxigeno, se cargan entre
200-400 g (en funcion de su densidad) de transpartde oxigeno para asegurar una
altura del lecho superior a 50 mm en el interiot weactor de lecho fluidizado
discontinuo. Los experimentos se llevan a cabargeéeaturas de 900, 950 y 1000 °C.
La velocidad superficial del gas reactivo a |la auhdr del reactor se fijo entre 0.15-0.2
m/s, que representan 3.5-4 veces la velocidad damaifluidizacion del transportador
de oxigeno. Durante las reducciones, la composid&ngas es 100 % JNo CG y
durante la oxidacion se utilizan diferentes conemnbnes de € en un intervalo
comprendido entre el 4 y el 21 % en. Mos periodos de reduccidon se variaron entre
300 y 1800 segundos, dependiendo del materiallgdeondiciones de operacion. Los
periodos de oxidacion se prolongaron hasta obtémepxidacion completa del
transportador de oxigeno. La velocidad de oxida@énencontraba limitada por el
aporte de oxigeno al sistema, por lo que los pesiate oxidacion fueron largos, y
fluctuaron entre los 120 y los 1800 segundos deépedd de la concentracion de O

utilizada.

Los solidos elutriados, retenidos en los filtrog ecogen durante un ndamero
determinado de ciclos, se tamizan para obteneaéxibn con g< 40 pum y se pesan
para obtener datos de atricién del material. Lacidad de atricion se ha calculado por
medio de la siguiente ecuacion:

M +100*3600
Vaign = t [%6/h] (2.4)

atricion
dondevagicisn €S la velocidad de atricion (%/hf la masa de transportador de oxigeno

elutriado con dp < 40 pmmyo la masa total de sélido en el lechd gl tiempo de

operacion durante el que se recoge la muestra.
Evaluacién de datos

La conversion en funcion del tiempo de los transplmres de oxigeno durante los

periodos de reduccion y oxidacién se calcul6 cersiguientes ecuaciones:
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L F
d ; = | = :
Reduccion X ea {N@(yq"’”‘)dt (2.5)
Oxidacion: X, = fNi(F Yo, = Fou Yo, )t (2.6)
ty 0,

dondeX es la conversion del transportador de oxigégg.es el flujo molar del gas a la

salida del reactory, es la fraccion molar dea la entrada del reactoy, es la

fraccién molar de @a la salida del reactoN, son los moles de oxigeno que puede

liberar el transportador de oxigeno desde el estadapletamente oxidado, tyes el

tiempo.

2.4.3 Reactor de Lecho Fluidizado Discontinuo Il (¢ iclos CH ;-aire)

Durante el desarrollo de esta Tesis Doctoral, tdmbe llevo a cabo una caracterizacion
de diferentes materiales para el proceso CLOU eblnaersidad Tecnoldgica de
Chalmers (Gotemburgo, Suecia). En concreto se zanddi reactividad de diferentes
transportadores de oxigeno en un reactor de ldghizdo discontinuo. El reactor esta
fabricado en cuarzo, tiene una altura de 870 mn2 yntn de diametro interno. La
Figura 2.6 muestra el esquema del dispositivo @xgertal. Contiene una placa
distribuidora a una altura de 370 mm respectopatte inferior del reactor y una zona
de precalentamiento del gas entre la entrada latamlistribuidora. La temperatura se
mide con 2 termopares, uno situado 5 mm por deb&ja placa distribuidora y otro 25
mm por encima y dentro el lecho. El reactor tieas thmas de presion para la medida
de la presion diferencial en el lecho. La pérdidaresion se mide con transductores de

presion (Honeywell) en una frecuencia de 20 Hz.
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Figura 2.6. Instalacion experimental de lecho fluidizado diggwio II.

Los problemas de aglomeracion, causantes de ladpéde fluidizacion del lecho, se
pueden detectar por una pérdida brusca de la pré#iérencial del lecho durante la
operacion. El flujo de gas a la salida del reaptisa a través de un condensador para
eliminar el agua producida durante la oxidacion aehbustible. La composicion del
gas seco se mide con un analizador Rosemount N®B-80e mide la concentracion
de oxigeno a través de un canal paramagnético,,eh Hravés de un canal de
conductividad témica y el GOCO y CH, por canales infrarrojos con correccién para

otros gases medidos.

Procedimiento

Se introducen 15 g de transportador de oxigenaedalplaca distribuidora y se calienta
el reactor a 900 °C pasando una mezcla del 11% denON para mantener
completamente oxidado el transportador de oxigetesale empezar los experimentos.
Se realizaron ciclos redox donde la muestra despatador de oxigeno se reduce con
un gas inerte (B o con un combustible gaseoso (LHseguido de su oxidacién con
una mezcla del 11% de,@n N. Se usaron caudales de gas de 27, 36 y 54 NL/min
durante la reduccion con GHlescomposicion en,N oxidacion, respectivamente. En
primer lugar se llevaron a cabo 3 ciclos de reducaon N a 900, 925 y 950 °C
durante 360 s con el objetivo de estudiar la geidmade oxigeno. A continuacién, se
realizaron ciclos redox, en los que la reduccioreséizé con un 100% de GHurante

20 s a las mismas tres temperaturas. En estesmsea M durante un periodo de purga
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del reactor de 60 s entre la reduccion con metalacoxidacion. Para la evaluacion de

cada transportador de oxigeno se realizaron 18scieldox.

Evaluacion de datos
La reactividad de un transportador de oxigeno aatdica en términos de rendimientos

del gas o eficacia de conversiopn,, , y se define como la fraccion de carbono en el

combustible que se oxida a @ividido por el carbono presente en los gasesligas

del reactor, en este caso £GC0O y CH,.

Yeo,
Veo, = (2.7)
o Yeo, T Yon, T Yeo

dondey; es la fraccibn molar de cada gas a la salida emttor. Para facilitar la
comparacion entre los diferentes transportadorexigno variando la temperatura, se

usa el parametroy, .., que se define como la conversion de gas prontia todo

el periodo de reduccion. La conversion masica dmisportador de oxigena;, se

define como:

w="" (2.8)
Mo

dondem es la masa del transportador de oxigeno durardgepelrimento. La Ecuacion
(2.9) se emplea para calcutaren funcion del tiempo durante el periodo de redurcci
usando los valores medidos de concentracion dasvaspecies gaseosas:

t F M
w =1- J.to n:lTO © (4yco2 + 3Yeo + 2Yo, ~ sz) dt (2.9)

dondew; es la conversion del sélido instantanea para tad#ot, F,, es el flujo
molar de gas seco a la salida del reactor medidelpmalizadorMo es la masa molar
del oxigeno Yy el tiempo inicial de la medicidn.

2.4.4 Reactor de Lecho Fluidizado Discontinuo Ill ( ciclos carbon-aire)

Para evaluar la capacidad de los transportadoregigeno para convertir combustibles
sélidos se realizaron experimentos en una instalade lecho fluidizado discontinuo
con un sistema de alimentacion de gases y otroghianantar el combustible sélido, asi
como un sistema para el analisis de los gasessalilza. La Figura 2.7 muestra un

esquema de la instalacion del laboratorio. El maostne 54 mm de diametro interno y
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una altura de 700 mm. Esta calentado por un holdxirieo y tiene una zona para

precalentar el gas entrante debajo de la placabdistora.

Carbén/Char

vl
V2
N;—>
Alimentacion :
de sdlidos P 4 Filtro
! —p Chimenea
Andlisis
Horno [ de gas
H,0 (1)
Termopar
)
Placa distribuidora §>

N, Aire

Figura 2.7.Instalacion experimental de lecho fluidizado diggauo 111.

La temperatura en el interior del lecho se miderpedio de un termopar situado dentro
del lecho de transportador de oxigeno. De estadpse puede controlar la temperatura
de reaccion. El reactor tiene dos tomas de prepama la medida de la presion

diferencial en el lecho. Los problemas de agloméraccausantes de la pérdida de
fluidizacion del lecho, se pueden detectar por péadida brusca de la presion

diferencial del lecho durante la operacion. Lasasmie presion también son utiles para
detectar el posible bloqueo de las tuberias caeiabajo del reactor debido a tapones

por particulas elutriadas del lecho o condensad#dalquitranes en puntos frios.

Procedimiento

El reactor se cargaba con alrededor de 240g dspiaiador de oxigeno sobre la placa
distribuidora, asegurando una altura del lecho I[denenos 50 mm en condiciones

estaticas para que el termopar quedara dentraceded.| En algunos experimentos, se
diluyé6 el transportador de oxigeno con particulasdimina pura (+0.2-0.4 mm) para
mantener la masa total de sélidos en el lecho, p&aminuyendo la cantidad de

transportador de oxigeno en el reactor.

El sistema de alimentacion de gases tenia conectiiltyentes controladores de flujo
masico, con lo que es posible alimentar alternatergte aire o nitrogeno. El flujo total
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de gas era de 200 NL/h, que se corresponde comalmeidad del gas de 0.1 m/s a 900
°C. Se miden de forma continua la composicion degases que salen del reactor,
después de condensar el vapor de agua, usandentiferanalizadores de gases. Las
concentraciones en base seca de CQ, YCCH, se determinaron usando un analizador
de infrarrojos no dispersivo (NDIR, en sus siglasrgles). La concentracion de e
determind por medio de un analizador de conducdigrmica del gas. Por otro lado,

la concentracién de e determinaba con un analizador paramagnético.

El sistema de alimentacion de sélidos consistiaretubo de 5 mm introducido por la
parte superior del reactor que acaba a 20 mm plada distribuidora y entre 50-60 mm
por debajo del nivel maximo del lecho fluidizadesdtintinuo. De este modo las
particulas de combustible se alimentaban directtenem el interior del lecho
fluidizado. La parte superior del tubo tiene urtesisa de valvulas con un depdsito
donde el combustible se cargaba por la valvulantésade empezar el experimento; ver
Figura 2.7. Una vez introducido el sélido, el defwbse presuriza con 1 bar de
sobrepresion con Na través de la valvula v2. Una vez presurizadoceseaba la
valvula v2 y se abria y cerraba rapidamente vabair la valvula v3 se despresuriza el
depdsito y se alimenta el combustible al lechoréattor. De esta forma, se aseguraba
de que las particulas de combustible entraban ttled evitando a la vez que saliese

gas del reactor a través del depdésito de combestibl

Durante la experimentacién se expusieron las pdatcde transportador de oxigeno
secuencialmente a condiciones de reduccion y oxkidaEn los periodos de reduccion
se alimentaba al reactor cargas de carbon o clentmas el lecho se fluidizada con. N

Se mantenia el lecho fluidizado con Nasta que se quemaba por completo la carga de
carbon o hasta que se agotaba £d€l transportador, lo que generalmente ocurria en
menos de 120 segundos. Después de cada periodeddecion, se oxidaban por

completo las particulas de transportador con ara pomenzar un nuevo ciclo.

Evaluacion de resultados

La velocidad instantanea de generacion de oxigenmpsa de transportadag, ., (t)

se calcula con un balance a los &tomos de oxigeerbreactor:
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fo, reat) = 'r\:roz [FOZ +F o +0.5(F oo+ F o, )~ 0.5 ] (2.10)

O

El mayor valor para, ., se obtuvo cuando el carbon era introducido er@id y

re
disminuia con la conversion de char, al existir onetemanda de oxigeno por parte del
combustible. En el analisis de la presente Tesitdal el valor inicialr, .4t =0)es

el que se utiliza. El flujo molar de cada compoeeaqie sale del reactdf,, se calcula
como:

F=F.0 (2.11)
siendoF, el flujo total de gas en base seca a la salidaedetor calculado usando el

flujo de N; en el reactorF, .

F.= i
out (1_zyl)

dondey; es la fraccion molar de cada componente del gagupto analizado. Los

(2.12)

posibles gaseisson Q, CQ,, CO, K, H,0O y CH,. Sin embargo, metano e hidrégeno no
se detectaron en ninguno de los experimentos agl@lez La concentracion de agua no
fue medida. Sin embargo, para considerar el oxigemosale en forma de,@ por la

oxidacion del hidrogeno del combustible, se supprela evolucién del hidrégeno era
uniforme en los periodos de desvolatilizacién y bastidén del char, considerando el

contenido de hidrégeno en el carbon y en el chadymido.

Antes del periodo de reduccién, las particulas rdasportador de oxigeno estaban
completamente oxidadas. Por lo tanto, la conveliisiigial del transportador eb&,= 1.
Como las particulas de transportador de oxigenoci@aan durante el periodo de
reduccion, el grado de oxidacion disminuye. Por témto, la conversion del

transportador de oxigeno se calcula con la intégnater, ., en funcion del tiempo:
1

X =1== 1o, o)t (2.13)
0,

siendo N, la cantidad molar de oxigeno en el transportagooxdgeno activo para el

proceso CLOU, es decir el oxigeno disponible pordducciéon de CuO a @D

expresado como moles de:O

ZrnI'ORFO 214
T My (2.14)
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En consecuencia, la conversion final de las pda$cui, se calcula integrando la

Ecuacién (2.13) para todo el tiempo en condiciordsctoras.

De la misma forma, se realiza el balance de oxigmra calcular la velocidad de
oxidacion con aire —Ecuacion (2.15)- y la evoluco@m el tiempo de la conversion del
transportador de oxigen®.x —Ecuacién (2.16)-. En algunos casos, el char no se
convertia completamente durante el periodo de pidlucebido a que las particulas de
transportador se quedaban sin oxigeno disponiloleldPtanto, podia aparecer €9

CO durante el periodo de oxidacion por la combustiél char remanente en el reactor,

siendo el oxigeno consumido por el char tenidouemi@ en la Ecuacion (2.15).

(<16, 0®)) :%[o.zfair ~Fo,~(Feo + 0.5 )| (2.15)

1 ot
Xald)= X, 40 J (= 1o,00) (2.16)

Cuando se utilizaba char como combustible, la vedat de conversion de char por
masa de char reaccionando en el reactor, se calomla la velocidad de la combustion
de carbono para dar GO CO:

Fc:o2 + I:co
rnchar' fC, fix t
MC_fto(FCOZ + Feo) dt

siendomghar la masa de char en la carga de combustilidgxyel contenido de carbono

(e ) = (2.17)

en el char.

Finalmente, se define el rendimiento a G®mo la fraccion de carbono que aparece
como CQ en los gases a la salida del reactor, que selaalomo:
F

_ co,
=% 2.18
o = E (2.18)

2.4.5 Unidad CLOU en continuo para combustibles s6  lidos (1.5 kW )

Para evaluar el proceso CLOU de forma similar gnaceso industrial es necesario la

utilizaciéon de una planta piloto que pueda opemarfarma continua respecto a la
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alimentacion de combustible y la circulacion deingportador de oxigeno entre los
diferentes reactores de reduccién y oxidacion. igurBs 2.8 y 2.9 muestran un
esquema y varias fotografias de la instalacion @B!E-s1 para la combustion de
combustibles sdlidos por el proceso CLOU.
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5 14 X Anilisis de gases
0,, CO, CO,, SO,
] 13
A — 1
4 ( Chimenea
13 12
Anilisis de gases

" CH,, CO,, CO, H,, SO,
REACTOR

REDUCCION 1

REACTOR | Anilisis de alquitranes Andlisis de alquitranes
- ===== GC-MS
OXIDACION
Aire
Sec. P4 o
1.- Reactor de reduccion 8.- Vilvula de control de
3 - 2.- Loop seal solidos
: 3.- Reactor de oxidacion 9.- Combustible
1 | 4.- Riser 10.- Tornillos sin fin
5.- Ciclon 11.- Hornos
* 6.- Valvula de diversificacion 12.- Recogida de alquitran
A N N. CO de solidos 13.- Filtros
i 2 2 2 7.- Deposito de sélidos 14.- Deposito de carga

Figura 2.8. Esquema de la planta piloto CLOU de 1.5;lgafa la combustion de combustibles sélidos.

Figura 2.9.Unidad CLOU de 1.5 kWen continuo para combustibles sélidos.

Esta instalacion estd basicamente compuesta patoresa de lecho fluidizado
interconectados —el reactor de reduccion (1) yeepddacion (3)- unidos por un reactor
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de cierre (2) por la parte inferior y un riser péra transportar los solidos del reactor de
oxidacion al de reduccion. Un ciclon (5) recupera $6lidos arrastrados del reactor de
oxidacion y una valvula de soélidos (8) controldlgjo de circulacion de los sélidos en

el sistema. Los reactores operan con una ligereepasion respecto a la presion
atmosférica, teniendo en cuenta las pérdidas deopren los lechos y en las tuberias

hacia la chimenea.

El combustible se alimenta por medio de un torrsilafin (9) directamente sobre la
placa distribuidora del reactor de reduccion pasximizar el tiempo de contacto del
combustible y de los volatiles con el transportadiioxigeno. El tornillo sinfin consta
de 2 secciones: la primera tiene la velocidad edgel para controlar el flujo de
alimentacion del combustible; la segunda, refrigarpor agua, gira a alta velocidad
para minimizar la pirolisis del combustible en sdgio tornillo antes de ser alimentado
al sistema. Un pequefio flujo de (24 NL/h) se introduce al principio del tornillm&n
para prevenir el flujo a contracorriente de vodeil

El reactor de reduccion consiste en un reactoedeol fluidizado burbujeante con 50
mm de diametro interno y 200 mm de altura del le€@wmo gas de fluidizacion se usa
N2 0 CG El flujo de gas era de 250 NL/h, correspondientma velocidad del gas de
0.15 m/s a 900 °C. El transportador de oxigeno esxampone en el reactor de
reduccion, liberando oxigeno gaseoso en el lechooxieno liberado quema los
volatiles y el char procedentes de la pirolisisaghbustible en el reactor de reduccién;
ver Figura 1.18. Las particulas de transportadooxdgeno reducidas se transfieren al
reactor de oxidacion a través de un reactor deec{@op sea) de lecho fluidizado con
forma de U, que tiene un diametro interno de 30 Eimeactor de cierre se fluidiza con
un flujo de N de 60 NL/h. Se realizaron experimentos prelimingrara observar la
distribucion del gas alimentado al reactor de eieron los que se determiné que en las
condiciones de operacion el gas se distribuia apanamente al 50% en cada reactor

(oxidacion y reduccion).

La oxidacién del transportador tiene lugar en elcrer de oxidacion. Junto al
transportador de oxigeno puede transferirse chaguemar. Este char se quema en el
reactor de oxidacion produciendo una disminuciotadeficacia de captura de ¢@el

sistema. El reactor de oxidacién es un reactoreded fluidizado burbujeante con un
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diametro interno de 80 mm y una altura de lechtt@femm, seguido por umser de 30
mm de didmetro interno. El flujo de aire en el teade oxidacién era de 1740 NL/h
gue corresponde a una velocidad del gas de 0.4 Anésnas, para ayudar en el arrastre
de las particulas a través disler se introduce un flujo de aire secundario de 24¢hNL
en la parte superior del lecho burbujeante, hdstnzar una velocidad del gas en el
riser de 3 m/s. Los gases de salida del reactor de agii@asan a través de un ciclén
de alta eficiencia y por un filtro (13) antes deaalzar la chimenea. El transportador de
oxigeno regenerado y recuperado por el ciclon séaem un deposito de solidos (7)
encima del reactor de reduccion, listo para conramzauevo ciclo. Este solido vuelve
al reactor de reduccion por gravedad a través déhNala de control de sélidos (8), que
controla el caudal de sélidos que entran en eltoeate reduccion. Justo debajo del
ciclon hay una vélvula de distribucion (6) que pigerta medicion del caudal de solidos
en cualquier momento. Por lo tanto, el disefio détma permite el control y la medida
de la circulacion de soélidos entre ambos reactotes particulas de cenizas
provenientes de la combustién del char no se recegeel ciclon y son recuperadas
posteriormente en el filtro. De esta forma, lagipalas de cenizas no se acumulan en el

sistema.

Debido a la pérdida de calor, el sistema no era-#uwmico, y para controlar
individualmente la temperatura de los diferentescta@es se usaron varios hornos
eléctricos situados en los reactores de oxidaci@adyccion, y en efreeboard por
encima del lecho del reactor de reduccién. Durdateperacion del sistema, se
monitorizaron las temperaturas de los reactorexitacion, reducciérfreeboardy del
riser. Ademas se media la variacion de presion en irap@$ localizaciones del

sistema, como en los reactores de oxidacion, réglugccierre.

Finalmente, cabe destacar que se impide la mezlgases entre el reactor de
reduccion y el de oxidacion por medio de la exstemnlel reactor de cierre (2) y del

deposito de solidos (7). Por lo tanto, la presedeiaxigeno en los gases de salida del
reactor de reduccion es Unicamente el resultada deneracién de oxigeno por parte

del transportador de oxigeno.

Procedimiento
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La carga de los sdlidos se realizaba a través ej@bsito de carga (14), por lo que

primero se llenaba el reactor de reduccion (1). &dicha que se afiadia mas sélido se
iban llenando el resto de reactores. El inventapiimo de transportador de oxigeno en
el sistema era entre 2 y 3 kg, de los cuales 0.8 &g de transportador se encontraban
en el reactor de reduccion. La cantidad de sOkahosl reactor de reduccion se calculd a

partir de la pérdida de carga medida en el regeia cada experimento.

La temperatura en el reactor de reduccion se venfre 860 hasta 960°C,
manteniéndose la temperatura ffeeboarden 900 °C. Igualmente, la temperatura del
reactor de oxidacion se varid entre 900 y 950°Gluitd de combustible alimentado al
sistema dependié del combustible usado y se vatié 8.08 y 0.26 kg/h.

Se analizaban de manera continua,G@D, H, CH,;, SO y O, provenientes del reactor
de reduccion, mientras que de los gases del redetoxidacion se analizaron @O,

SO, y O,. Las concentraciones en base seca de CQ y@bi, se determinaron usando
un analizador de infrarrojos no dispersivo (NDIR, gus siglas en ingles) Maihak
S710/UNOR, el H por medio de un analizador de conductividad téandel gas
Maihak S710/THERMOR y el SOpor un analizador de infrarrojos Siemens Ultramat.
Por otro lado, la concentracion de € determina con un analizador paramagnético
Maihak S710/OXOR-P. Los posibles alquitranes prieseen el gas de salida del
reactor de reduccion se determinaron siguiendorotogolo de medida de alquitranes
[76]. Siguiendo este protocolo se condensaba ek agu dos frascos lavadores
refrigerados a 0 °C y posteriormente se recogianalquitranes por absorcion en
isopropanol en 6 frascos lavadores refrigeradd€88&C. En este sistema se recuperaba
la mayoria del BD (0 °C) y los componentes aromaticos de los almes (-18 °C).
Los alquitranes recogidos en isopropanol se amalizgor cromatografia Agilent
7890A y espectrometria de masas Agilent 5975C.d#or lado, también se tomaron
muestras puntuales del gas a la salida del redetoeduccion que se analizaron por
cromatografia de gases HP5890 Series Il para detdat posible presencia de
hidrocarburos ligeros (C2, C3y C4).

Evaluacion de los resultados
En funcién del combustible alimentado a la plantaey flujo de transportador de

oxigeno entre el reactor de oxidacion y el de reidicse calcula el ratio transportador
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de oxigeno/combustiblep. Este ratio se define como el cociente entre éfjemo
transportado por el transportador de oxigeno y dgemo demandado por el
combustible para su completa combustion. Un varpd= 1 corresponde al flujo
estequiométrico de CuO necesario para convertiinb@nte el combustible a GQ
H.O, siendo el CuO reducido a £u Por lo tanto,@ se calcula con la siguiente

ecuacion:

@szﬁh (2.19)
QSFmSF

donde m,, es el flujo de circulacion de los solidos g es el flujo masico de
combustible alimentado al reactor de reducciéh: es la masa de oxigeno
estequiomeétrica necesaria para convertir 1 kg debostible a C@y H,O. Este valor

se calcula con los datos del analisis elementainediato de cada combustible usando

la siguiente ecuacion:

Q. =|te 40254 s To |y (2.20)
M M, Mg Mg ) ©

dondef; es la fraccidbn masica del elememten el combustible. El flujo de aire en el

reactor de oxidacién se mantuvo constante durastexperimentos y siempre excedia
el oxigeno estequiométrico demandado por el confibeisEl ratio de exceso de aire,

A, se define en la Ecuacion (2.21), y siempre seumarpor encima de 1.

Flujo de Oxigeno _ 0.21F,, M,

— no _ (2.21)
Demanda de Oxigeno Qg .m,

Para analizar la fiabilidad de los resultados,esdizan balances de materia al oxigeno,
al carbono y al azufre usando las medidas de ctnacgin de los diferentes
compuestos en las corrientes de salida de losoreactle reduccion y oxidacion. El
flujo de gas a la salida en base seca del reaetordiiccionF,,rr S€ calcula como:

F

inRR (222)
1_ (yCO2 ,outRR+ yCO,outRR+ y A ,outRR+ y CH ,outRF\l- yzo ,outR-|R- y §®tRR)

dondeFirr €s el flujo de gas entrante al reactor de reda¢c@é decir, incluye el N

FoutRR =

introducido para fluidizar, Ndel reactor de cierre y el,Nntroducido por el tornillo
sinfin; yi outrr €S la concentracion del gasn la corriente gaseosa a la salida del reactor
de reduccion en base seca.

El flujo de salida del reactor de oxidaciéi.ro Se calcula por medio de un balance al
N,:
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F
Fouro = — (2.23)
l_(yoz,outRO+ Yeo outRoT Yso ,outR))

Asi, los flujos de salida de cada dasdesde los reactores de reduccion y oxidacién se
pueden calcular facilmente usando su concentracion:

I:i,out = yi,out I:out (224)

Como apunte indicar que se usa ¢dmo agente de fluidizacion en el reactor de
reduccion durante los experimentos, y por lo tamt60, se produce Unicamente en la
combustion del combustible.

Con los flujos de gas, los balances de materia ela@arbono, oxigeno y azufre se

pueden calcular como:

f

M_C'mSF = (ch outrRT FCO,outRR—i_ F CH ,outR)Z+ F GO oUtRD R elut (2.25)
C

f fo |.
(I:CO2 ,outRR+ FQ ,outRR+ 0.5F CO,outRRﬂ_ 0.F H O,outF;)?_ 2[\;20 + MO m g (2 26)
H,0 0, .
= FOZ,inRO - ( I:oz outRo T F cQ ,outRc)
fsomg= MS(FSQ ot F o) oot S (2-27)

dondeFc e €S el flujo de carbono elutriado desde el reagé&oreduccion como char
inquemado. La concentracién de agua no se mediaerSbargo, para considerar el
oxigeno que sale en forma deHpor la oxidacién del hidrégeno del combustibke, s
supone que el agua procede tanto de la humedad dehtodrégeno contenido en el

combustible:

B fao ).
FHZO,outRR = (0'5_'-' +£J Mg~ FH2 QUIRR 2ch OULRF (2.28)

H H,0

La evaluacion del rendimiento del proceso CLOU combustibles sélidos se realiza
por medio del estudio del efecto de las variablegpkeracion en la eficacia de captura

de CQ, la conversion del char y la eficacia de la corntibnsen el reactor de reduccion.

La eficacia de captura de GOn.., se define como la fraccion de carbono del

combustible presente en los gases de salida detorede reduccién. Este es el
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verdadero C@capturado en el sistema CLOU. El carbono no cagtusaldra como

CO; junto al nitrégeno y el oxigeno sobrante a ladsatiel reactor de oxidacion:

F
Nee =1- ?02 ,0utRO (229)

c
W'my

La eficacia de captura de G@epende de la conversion del char en el reactor de

reduccion Xchar Este valor se calcula teniendo en cuenta quarbboo en los gases a

la salida del reactor de reduccién proviene dddaao contenido en los volatiles y en el

char convertido. Asi, el carbono en el char redetprocede del carbono alimentado en

el sistema menos el flujo de carbono en los velthc o, y las particulas de char

elutriado,Fc et

xChar — I:C02 ,outR?+ I:CO,outRR-i- F CH JOUtRR F C,vc (230)
I\/TC Mg — FC,voI - I:c, elut
C
El flujo molar de carbono contenido en los vol&tise calcula como:
fo—f. . )n
Fevol = (e fo) e (2.31)
’ MC

fcqix es el carbono fijo calculado en el analisis dehloostible; ver Tabla 2.2. La
Ecuacién (2.31) considera que la cantidad de Ve$itjenerados en el reactor de

reduccion es la misma que muestra el andlisis irateedel combustible.

La conversion de char en el reactor de reduccitiretacionada con la temperatura y

el tiempo medio de residencia de los sélidos aradtor de reduccidongg, calculado

con la siguiente ecuacion:

SRlLCL (2.32)
Mro

Mro,rr €S la masa de soélidos en el reactor de reduccidg, yel flujo de circulacion de

TRR

los sélidos entre los reactores de reduccion yamxdoh.

La velocidad de conversiéon del char en el reactorediuccion, (zna), S€ calcula con
los valores de conversion del char en el reactoredeccion y el tiempo medio de
residencia de las particulas de char en dichoaragts: La velocidad de conversion

del char se calcula como:
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(—r,..)= Kear (2.33)

char

Tehar €Sta relacionado con el tiempo medio de residateibs sélidos en el reactor de
reduccion usando la siguiente expresion:

T = tRR. (1_ Xchar ) (234)

char
Finalmente, la eficacia de combustion en el read®reduccionncmprr €valia el
grado de combustidn respecto de la fraccion de wetilibe convertido en el reactor de
reduccion. La eficacia de combustion en el reag#oreduccion se calcula a través del
cociente entre el oxigeno necesario para quemagdsss inquemados a la salida del
reactor de reduccion (GHCO, H) y el oxigeno necesario para la completa comhbustié
del combustible convertido en el reactor de reducdhsi, la eficacia de combustion en
el reactor de reduccion se calcula como:

2FCH4,0utRR+ Oq I:(.‘,O,outRR-i_ Flzl ,outRa
ZQSFr.nSF_ F

M CO, ,0utRO~ ' C elut
0,

(2.35)

ncomb,RR: 1-
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3 Resultados y discusion
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3.1 Desarrollo de transportadores de oxigeno

El objetivo de esta seccion es desarrollar un pramador de oxigeno para el proceso
CLOU basado en el 6xido de cobre (CuO) que seanaiite reactivo y a la vez
resistente a la atricion y a la aglomeracion. RHoase prepararon en primera instancia
transportadores de oxigeno por tres métodos diEsenimpregnacion humeda
incipiente, pelletizacién por extrusion y pellet@a por compresion, ver Tabla 3.1.
Estos transportadores se caracterizaron en TGAuggogrmite analizar la reactividad
de los transportadores de oxigeno en condicioras définidas y controladas, y en
ausencia de complejos factores de fluidizacion,ivddos de los procesos de

transferencia de materia en la interfase burbujalgom en un lecho fluidizado.
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Figura 3.1. Termograma obtenido al realizar mltiples cicledax al transportador de oxigeno
Cu60Zr_P1100a. Temperatura 1000 °C

Para la caracterizacion de los transportadoresxigemo, se realizaron 5 ciclos de
reduccion-oxidacion para cada material analizadwo.ld& Figura 3.1 se muestra un
termograma tipico de multiples ciclos redox altedwmatmaosferas de N aire para el

transportador Cu60Zr_P1100a a 1000 °C. En auseteiaoxigeno, es decir, en
atmosfera de PN el transportador se descompone y libera @bservandose una
disminucién de la masa de muestra. Por el contraloponer en contacto el

transportador de oxigeno con el oxigeno del agte, e oxida, encontrando un aumento
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de la masa de la muestra. Generalmente, trasneépd segundo ciclo, el transportador
de oxigeno se estabiliza alcanzandose velocidaglesatcion constantes en los ciclos
sucesivos. Para realizar las correspondientes aaeipaes de reactividad se utilizo el
3° ciclo. A partir de los datos aportados por Esnbgramas de cada transportador de
oxigeno, se calculan la conversion de reducciorigagion de cada material, segun las
Ecuaciones (2.1) y (2.2). Con las curvas converstampo se analiz6 el
comportamiento de los transportadores de oxigespapados por diferentes métodos.

Tabla 3.1.Propiedades fisicas de los transportadores demxigreparados por impregnacion o mezcla
masica.

Densidad de Resistencia

Transportador de oxigeno Rro (%)

particula (kg/m) mecénica (N)

Impregnacion humeda incipiente

Culs-Al_1850 1600 2.5+0.5 15 0.64
Cu33/-Al_I1850 1900 3.0+0.4 3.3 1.03
Culsw-Al_1850 2200 4.61£0.5 15 0.52
Cul5MgAl_I1850 1900 2.1+0.3 1.5 1.32
Cu21MgAl 1850 2000 0.8+0.2 2.1 1.25
Mezcla masica y extrusién
Cu60Al_E1100 3000 <0.5 6 1.67
CuB80Al_E1100 3900 2.6+0.5 8 0.99
Cu80Sep_E950 2300 0.8+0.3 8 1.76
Cu60Si_E950 2000 1.1+0.2 6 1.43
Cu80Si_E950 2900 0.940.2 8 1.75
Cu40Ti_E950 3400 2.3+0.4 4 1.19
Cu60Ti_E950 4000 2.240.2 6
Cu80Ti_E950 5200 2.2+0.4 8 0.64
Cu60Zr_E950 3000 <0.5 6 1.10
Cu80Zr_E950 3800 0.7+0.2 8 1.64
Cu60MgAl_P950 3900 <0.5 6
Cu60MgAl_P1100 3800 1.2+0.3 6 1.47
Cu60MgAl_P1300 Melt 6
Cu60MgAl_P1100a 3700 1.7+0.3 6 1.50
Cu60MgAl_P1100b 3700 2.2+0.3 6 1.57
Cu60Zr_P950a 5400 <0.5 6
Cu40Zr_P1100a 4900 4.0+0.4 4 1.01
Cu60Zr_P1100a 5400 3.0+0.5 6 1.40
Cu60Mg_P1100a 4100 2.2+0.4 6 0.89
Cu60Sep_P1100 3900 2.2+0.5 6 1.45
Cu60Si_P950 2000 <0.5 6
Cu60Si_P950 Funde 6

Ademas, se determind la resistencia mecanica ddife®ntes materiales preparados.
De todos los transportadores de oxigeno preparasoseleccionaron aquellos que

tenian una elevada reactividad y resistencia megdu@ra su uso en un reactor de lecho
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fluidizado discontinuo, donde se analiz6 su res@tea la aglomeracion y su velocidad

de atricion.

Los transportadores de oxigeno mas prometedorgwegmraron poispray drying
(método industrial de gran capacidad de produccitbeyando a cabo los mismos
andlisis que para los transportadores de oxigetesi@mente preparados. Viendo los
buenos resultados obtenidos con los materialesa@eps porspray drying se
evaluaron nuevos materiales preparados por estelmén la Universidad Tecnoldgica
de Chalmers (Gotemburgo, Suecia). Los resultadaenmos forman parte de los

Articulos I, 11'y 111

3.1.1 Transportadores de oxigeno preparados por imp  regnacion

incipiente

En la Tabla 3.1 se muestran los transportadorexigeno obtenidos por impregnacion
incipiente, los cuales se prepararon usando copartsy-Al,0s, a-Al,03 y MgAILO,,

y cuyo contenido de CuO vari6 entre el 15y el 33%.

En la Figura 3.2 se muestran las curvas de comwverde estos transportadores de
oxigeno a 1000 °C para la reduccion (descompo3ieidri00% de Py la oxidacion en
aire obtenidos en el andlisis termogravimétricos Licansportadores de oxigeno
preparados con-Al,O3; como inerte presentan baja reactividad en lasci@aes de
reduccion, ademas de una disminucién significatd@ la conversibon maxima
(relacionado con dRrp efectivo) con el aumento del nimero de cicloso Estatribuye

a la aparicion de aluminato de cobre, ya que ldamdn del CuAlQ@ formado durante
la reduccion es extremadamente lenta, como puede em la Figura 3.2(b). En esta
figura se puede observar que la conversion dele@in la oxidacién es muy baja y por
lo tanto en el siguiente ciclo de reduccidén hay esesxigeno disponible y por tanto se
reduce menos. Este comportamiento se observd paranateriales preparados con
diferentes cantidades de CuO (15 y 33%), indicandoel contenido en Cu no mejora
la reactividad de las muestras impregnadas. Resgltsimilares se obtuvieron con los
transportadores de oxigeno impregnados sobk&,03. En cambio, los transportadores

de oxigeno preparados por impregnacion utilizaratoacsoporte MgAIO,, muestran
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una mayor reactividad en las reacciones de reducgi@o presentan problemas de

pérdida de reactividad ni de capacidad de transplerioxigeno con los ciclos.

No obstante, la conversion maxima era de 0.6, le igdica que su capacidad de
transporte efectiva era menor que la teérica parosienido en CuO. Por ejemplo, la
capacidad de transporte para el Cu21lMgAl er&@e= 1.26%, lo cual es baja para su
uso en el proceso CLOU. Ademés, estos transpodadde oxigengresentan la
caracteristica de que al aumentar la cantidad @ <eureduce su resistencia mecanica,

llegando a valores inferiores a 1 N con un 21% d@ @Cu21MgAl).

1.0 — 1.0
Reduccion Cul5y-Al_I850 Oxidacién Culby-Al_I850
— —  Cul5MgAl_I850 — —  Cul5MgAl_I850
~—~ 0.8 1 ~ 0.8 1
o Ciclo 3 g )
_-8 D 78 Ciclo 3
Ne) — ) Y N e — — e
B 061 / Ciclo1| 3 061 |
°© ©
° | Ciclo2| o /
.‘S 0.4 1] :5 041
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8 Cico3| § j \
0.0 : : : : : 0.0 ‘ ‘ ‘ ‘ ‘
0 50 100 150 200 250 300 0 50 100 150 200 250 30C
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Figura 3.2. Variacién de la conversion de reduccion y oxidaaon el tiempo de diferentes
transportadores de oxigeno preparados por imprégnacipiente. Temperatura 1000°C; Reduccién: N
Oxidacion: aire.
Por todo ello, los transportadores de oxigeno paglas por impregnacion no se

consideran adecuados para el proceso CLOU.

3.1.2 Transportadores de oxigeno preparados por mez cla masica y

extrusion

También se prepararon transportadores de oxigedmnte mezcla masica y extrusion,
a partir de una mezcla fisica de los componentssatids. Como se mostré en las
Tablas 2.1 y 3.1 se utilizaron distintos materiatestes y mayores contenidos en CuO

(40-80%) que en los materiales preparados por igmaon.
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En la Figura 3.3 se muestra la conversion duraateetiuccion a 1000°C y en la

oxidacion con un 21% de,Ca 1000°C de los transportadores de oxigeno con un

contenido del 80% en CuO. Como se puede ver, lativetad de los diferentes

transportadores de oxigeno depende del soporteadtl Los transportadores de

oxigeno preparados con ZrOsepiolita, o SiQ como soporte muestran elevadas

conversiones y altas velocidades de reaccién, tamtoeduccion como en oxidacion.

Ademas, mostraron una gran estabilidad con los<id¢los transportadores de oxigeno

preparados con Ty Al,O3 como soportes presentaban bajas conversiones @sxim

tanto en la reduccién como en la oxidacion.
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Figura 3.3. Conversion de reduccion y oxidacion frente al perde diferentes transportadores de
oxigeno preparados por mezcla masica y extrusiémpEratura 1000°C; Tercer ciclo de la reduccién en
N, y la oxidacion en aire.

Algunas de las muestras extraidas tras los expetamdlevados a cabo en TGA
mostraban signos de aglomeracion. Asi, los tratasgpores de oxigeno preparados con
Al,O3, ZrO, y TiO, como inertes con un contenido alto en CuO (80%gtraban signos
de aglomeracién. Este hecho supone un riesgo iargerpara el uso de estas particulas
en un lecho fluidizado y debe evitarse. Por elle, mrepararon y probaron
transportadores de oxigeno con contenidos en Cuferiares (60 y 40%
respectivamente). La Tabla 3.2 muestra los resadtadferentes a la aglomeracion
encontrada en los experimentos en TGA. Se puedeuerpresentan aglomeracion
todos los transportadores de oxigeno preparadodi€dncomo inerte. Sin embargo,
los transportadores de oxigeno con un 60% de ddotem CuO y AIO; 0 ZrOG, no

presentaban problemas de aglomeracion.
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Los transportadores de oxigeno que no aglomerarotenjan alta reactividad
presentaban menores valores de resistencia mec#aligacomo se ha mostrado en la
Tabla 3.2. Las particulas con valores de resisgtenw@cénica <1 N pueden generar
problemas en su uso en lecho fluidizado debidoaaalta atricion [77]. Debido a ello
los transportadores de oxigeno preparados por eanésica y extrusion no se

consideraron adecuados para su uso en el procé3b CL

Tabla 3.2.Propiedades de los transportadores de oxigenanags por mezcla masica y extrusion tras
Su uso en TGA.

Resistencia Reactividad
Mecénica Relativa

Transportador Soporte % CuO = Aglomeracion

CuB0AI_E1100| , 80 .
Cu60Al_E1100 z73 60 No <0.5 Baja
Cu80Sep E950 Sepiolita 80 No 0.8 Alta
Cu80Si_E950 SiQ 80 No 0.9 Alta
Cu80Ti_E950 80 Si 2.2 Baja
Cu60Ti_E950 | TiO, 60 Si 2.2 Baja
Cu40Ti_E950 40 Si 2.3 Baja
Cu80Zr E950 | 80 Si 0.7 Alta
Cu600Zr_E950 2 60 No <0.5 Alta

3.1.3 Transportadores de oxigeno preparados por mez cla masica y

compresion

Vistos los resultados obtenidos para los transgorés de oxigeno preparados por
impregnacion incipiente con MgA&D, como soporte y por mezcla masica y extrusion
con sepiolita, Zr@y Si0O, como materiales inertes, se prepararon transpogadie
oxigeno por este nuevo método con contenidos en @elG60%, utilizando estos
materiales como inertes, es decir, MgaJ, ZrO,, sepiolita y SiQ. Ademas, se
introdujo el MgO como un nuevo material para slization como soporte. Con este
método se pretendia aumentar la resistencia mecégitas particulas conservando su
alta reactividad. Al preparar los transportadoresogigeno con Si©como inerte se
obtenian unas particulas con una resistencia nmeecéaniy baja (<0.5N) o directamente
se fundian al calcinarlas. Por lo tanto se decmlitninar este material para los
posteriores analisis en TGA.
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3.1.3.1 Reactividad de los transportadores en TGA

En la Figura 3.4 se muestran las conversiones daceceén y oxidacion de los
transportadores de oxigeno preparados por pelbéizapor compresion usando
diferentes soportes. Tanto en la reduccién comla exidacion, se puede observar que
todos los transportadores presentan una alta deldcle reaccion. Ademas, todos estos
materiales mantenian una reactividad constanteo&rsucesivos ciclos de reaccion.
Exceptuando el caso del transportador de oxigempapado con MgO como inerte, el
resto de transportadores de oxigeno preparadosegier método presentan una

conversion maxima cercana a la unidad.
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Figura 3.4. Conversion de reduccién y oxidacion con el tierdpdaliferentes transportadores de oxigeno
preparados por mezcla masica y compresion. Tempara®00°C; Tercer ciclo de la reduccién coryN
de la oxidacion con aire.

3.1.3.2 Caracterizacion en lecho fluidizado discont  inuo | (ciclos N ,-aire)

En vista de la alta reactividad y estabilidad cos ticlos obtenida en TGA, se
prepararon lotes de 500 g de los transportadoresxitgno preparados por mezcla
masica y compresion con un contenido en CuO del §0%sando como inertes
MgAI,O,, Zr0O,, sepiolita 0 MgO para ser analizados durante @xeetos multi-ciclo

en un reactor de lecho fluidizado discontinuo. Atipade estos experimentos se
evaluaron las caracteristicas de las reaccionesedlgccion-oxidacion, asi como se

determinaron la velocidad de atricion y la tendarcia aglomeracion del material.
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Descomposicion y regeneracion de los transportagldesoxigeno

Se llevaron a cabo mudltiples ciclos de reduccibitlaion con los transportadores de
oxigeno preparados por mezcla masica y compresiameaeactor de lecho fluidizado
discontinuo para determinar la capacidad de geidera@e oxigeno en una atmaosfera de

N2 en funcion de las condiciones de operacion.

En la Figura 3.5 se puede observar que al comieletgperiodo de reduccion se
comienza a liberar oxigeno hasta alcanzar la corazedn de oxigeno en equilibrio a la
temperatura del lecho. A los 10 minutos, la coneendn de oxigeno a la salida
disminuye hasta valores muy por debajo de la cdraatn de equilibrio, lo que indica

una disminucion de la velocidad de liberacion dégemo. Después de 22 minutos
comienza la oxidacion. La mayor parte de la reacd® oxidacion se produce con una
concentracion de oxigeno a la salida cercana a &qdilibrio a dicha temperatura. Esto
indica que las reacciones no estan limitadas peelacidad de reaccion, sino por el
equilibrio termodinamico.
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Figura 3.5. Evolucién de la concentracién de oxigeno y la teratura en el lecho durante un ciclo de
reduccion-oxidacion. Transportador de oxigeno: GAfHAI_P1100. Temperatura 1000°C. Reduccion:
N,. Oxidacién: aire.

En la Figura 3.5 ademas se puede observar que &dgciones relevantes en la
temperatura medida en el lecho. Estas variacionedgm explicarse segun la entalpia
de la reaccion de reduccion o de oxidacion. Se ym®duna disminucion de la

temperatura del lecho al comienzo de la liberaciéroxigeno y descomposicién del

CuO debido a la endotermicidad de esta reaccioan@u comienza la oxidacion se
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produce un incremento de la temperatura debidoeadigzha reaccion es fuertemente

exotérmica.

En el proceso CLOU, el gas introducido en el reagéoreduccion es CQecirculado
de la corriente de salida. Para realizar un estuldib posible efecto del gas de
fluidizacidn se llevaron a cabo experimentos usac@oo agentes de fluidizacion, N
puro o CQ puro. En la Figura 3.6 se muestra la conversidrsdiido y el perfil de
concentracion de oxigeno a la salida del reactararde el periodo de reduccion a
1000°C con el transportador de oxigeno Cu60MgAIOR1Y usando diferentes gases
de fluidizacion: 100 vol. % No 100 vol. % CQ.

14 1.0

Concentration O » (%)
Conversion del sélido (-)

0 5 10 15 20 25

Tiempo (min)

Figura 3.6. Evaluacion de la concentracion deyQde la conversion durante el periodo de reducd&n
transportador de oxigeno Cu60MgAI_P1100, usandwoatites gases de fluidizacion,®CG,) a
1000°cC.

Como se puede observar, se obtuvieron resultadolsuss independientemente del gas
utilizado. Las pequefias diferencias se considerdedndas a las diferencias en la
capacidad calorifica de ambos gases, lo que prbaopaqueiias diferencias en la
temperatura del reactor. También se puede obsgueras conversiones del sélido
obtenidas fueron muy similares independientemeriegds usado y la diferencia
observada fue Unicamente debida a las pequenaascicaes en la temperatura de
reaccion en cada caso, la cual afecta a la cantdadxigeno liberada. De aqui en

adelante se mostraran los resultados utilizandmagente de fluidizacioniburo.

El efecto de la temperatura de reaccion se analizél lecho fluidizado discontinuo

usando temperaturas de 900, 950 y 1000°C durastecitdos. Se observaron dos
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comportamientos diferentes, segun se lograsen @bteno condiciones de equilibrio.
En la Figura 3.7(a) se pueden observar los pedigesoncentracion de,@ la salida del
reactor y la conversion del sélido Cu60Zr_P1100eamte el periodo de reduccion
usando diferentes temperaturas de lecho. Con disbbdo se alcanzaban
concentraciones de oxigeno muy por debajo a laetdracion de equilibrio, ademas de
bajas conversiones del sélido. La baja concentnacite Q observado con
Cu60Zr_P1100a fue debida a la mala fluidizacion délido por problemas de
aglomeracion, como se comprobd posteriormente tahexxel solido del reactor. Del
mismo modo se comportaron los transportadores dgeoa Cu60Sep P1100 y
Cu60Mg_P1100.
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Figura 3.7.Evolucion de la concentracion de Yconversion del sélido durante el periodo de cefin,
para diferentes temperaturas de lecho. Transpogsde oxigeno: (a) Cu60Zr_P1100a; (b)
Cu60MgAl_P1100. (---) Concentracion deed el equilibrio a cada temperatura. Gas de #aitldn:
No.

Por otro lado, la Figura 3.7(b) muestra los pesfde concentracion de,@ la salida del
reactor y la conversion del sélido Cu60OMgAIl_P11@@aate el periodo de reduccion
usando diferentes temperaturas de lecho. Tambiérusstra la concentracion de €n

el equilibrio para cada temperatura. Como se poedervar la velocidad de liberacion
de oxigeno es constante y limitada por el equdiiarmodinamico del oxigeno. A
1000°C, el solido alcanza practicamente conversidnpleta en menos de 15 minutos.
A 900°C la descomposicion del sélido esté limitddhido a la baja concentracion de

oxigeno liberada en el equilibrio.
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Comportamiento de los transportadores de oxigeewtéra la aglomeracion

Uno de los parametros mas importantes para la cé@eade un transportador de
oxigeno para el proceso CLOU es la resistencia ag@meraciéon durante la
fluidizacion. La aglomeracion es un fenomeno pocuwdl las particulas del lecho se
unen de forma mas a menos fuerte, dejando deZarié impidiendo que la reaccion se
lleve a cabo. Este efecto se detecta durante laacpe en el lecho fluidizado
discontinuo debido a que cae bruscamente la péddidarga en el lecho. Ademas, una
vez el lecho ha dejado de fluidizar, la temperatwas uniforme vy dificil de controlar.

Se han distinguido tres tipos de aglomeracion:

- Suave:se elimina la aglomeracién de las particulas mdodas condiciones de
fluidizacion.

- Moderada: es necesario realizar una parada de la operaei@deshacer los
aglomerados formados. Posteriormente se puedervaleperar con el mismo
lote de particulas.

- Fuerte: es necesario detener la experimentacion y no sgepuaver a operar
con el mismo lote de particulas debido a la eleveekistencia de los

aglomerados.

En la Tabla 3.3 se muestra el comportamiento frentea aglomeraciéon de los
transportadores de oxigeno preparados por mezckcany compresion que fueron

analizados en el reactor de lecho fluidizado dignan.

Tabla 3.3.Comportamiento frente a la aglomeracion de lassfrartadores de oxigeno probados en lecho
fluidizado discontinuo.

Aglomeracion en lecho
fluidizado discontinuo

Transportador Soporte

Cu60MgAl_P1100 MgAIl O, No presenta
Cu60Zr_P1100a Zr§X60% CuO) Moderada
Cu40zZr_P1100a  ZrO, (40% CuO) Suave T>950°C
Cu60Sep_P1100 Sepiolita Fuerte
Cu60Mg_P1100a MgO Fuerte

De producirse aglomeracion, ésta siempre aparemerbps primeros minutos de la
descomposicion del transportador de oxigeno de £0Q0. En un principio todos los

transportadores preparados tenian un 60% de Cufaskmimeras pruebas en el reactor
de lecho fluidizado discontinuo fueron descartattizs transportadores de oxigeno
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preparados con sepiolita y MgO como inertes, ya qQuesentaban una fuerte
aglomeracion a temperaturas bajas (900°C). Por latto, los transportadores de
oxigeno con Zr@® como inerte presentan problemas de aglomeraciderados, que

provocan que se alcancen bajas conversiones dendessicion (ver Figura 3.7(a)).

Para intentar solucionar el problema de la agloo@namoderada en el caso de usar
ZrO, como inerte se decidié bajar la cantidad de fatgaadel 60 al 40% de CuO en

este transportador de oxigeno. De esta forma ssigto@ que soOlo se presentara
aglomeracion suave a temperaturas superiores £ 9b08 transportadores preparados

con MgALO,4 como inerte no presentaron problemas de aglondgraci ningun caso.

En la Figura 3.8 se pueden observar diferentegyfatias de los aglomerados y de
particulas sueltas extraidas del con diferentegnabds. En las Figuras 3.8(a) y (b) se
muestran particulas sueltas y sin aglomerar de tlassportadores de oxigeno
Cu60MgAl _P1100 y Cu40Zr_P1100a, gue mostraron @mlmomportamiento respecto
a la generacion de oxigeno en el lecho fluidiz&tiv.la Figura 3.8(c) se muestra un
aglomerado de tipo moderado correspondiente al spatador de oxigeno
Cu60Zr_P1100a. Por otra parte, en la Figura 3s£dhuestran los aglomerados de tipo
fuerte correspondiente al transportador de oxigargOMg P1100a.
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Figura 3.8. Fotografias de diferentes particulas extraidatedhb fluidizado discontinuo. Particulas sin
aglomerar: (a) Cu60MgAIl_P1100, (b) Cu40Zr_P110@atipulas aglomeradas (c) Cu60Zr_P1100a, y (d)
Cu60Mg_P1100a.

Comportamiento de los transportadores de oxigeewtéra la atricion

Otro parametro importante a la hora de seleccilmsamateriales para el proceso CLOU
es el comportamiento frente a la atricion. La airices el fenomeno por el cual las
particulas de transportador de oxigeno se erosigftadesgastan al estar sometidas a
condiciones de fluidizacion y son arrastradas pgas de fluidizacion fuera del lecho.
Se evaltia como atricion la masa de solido elutrdadante los ciclos de operacion en el
reactor de lecho fluidizado discontinuo que tengaamafo de particula inferior a 40
um. Se asume que las particulas mas pequefias dm 4 serian recogidas en el

sistema de ciclones en una planta industrial de @LO

83



1.0

—e— Cu60MgAl_P1100
—e— Cu60MgAl_P1100a
—¥— Cu60MgAl_P1100b
—W¥— Cu40Zr_P1100a

0.8 1

0.6 1

0.4 4

0.2 1

Velocidad de atricién (%/h)

0.0 T T T T

Tiempo (h)

Figura 3.9.Velocidad de atricion para los transportadoresxdgeno Cu60MgAl_P1100,
Cu60MgAl_P1100a, Cu60MgAl_P1100b, y Cu40Zr_P1109&uacién de las horas de operacion en el
reactor de lecho fluidizado discontinuo.

En la Figura 3.9 se muestran las velocidades deidairmedidas con diferentes

transportadores de oxigeno preparados por mezdeany compresion en funcion de

las horas de operacion en el lecho fluidizado disooo. Como se puede observar, la
velocidad de atricion para el Cu40Zr_P1100a es pagstable. Por otro lado la

velocidad de atricion para el Cu60OMgAl_P1100 es mlésada, y a partir de 20 horas
de operacion se produce la rotura de las particulas

Para intentar disminuir esta velocidad de atricg&nprepararon dos transportadores de
oxigeno con mayor resistencia mecanica. Primeroa pla preparacion del
Cu60MgAl _P1100a se disminuyd la porosidad de lagiquéas disminuyendo la
cantidad de grafito utilizado en la preparacion te% al 0.5%. Con ello se logré
aumentar la resistencia mecéanica de las particsilasque se viese afectada la
reactividad (ver Tablas 2.1 y 3.1). Como se pudikeivar, el transportador de oxigeno
con un menor contenido en grafito presentaba unpodmamiento similar al del
transportador de oxigeno Cu60MgAIl_P1100. Finalmes& aument6 el tiempo de
calcinacion durante la preparacion del transportaGo60MgAl_P1100b a 12 horas,
aumentando de nuevo la resistencia mecanica a @@rNablas 2.1 y 3.1). Con esto se
logré disminuir significativamente la velocidad deicion sin afectar a su reactividad.
En la Figura 3.9 se observa que la velocidad deditroscilaba entre 0.1 y 0.2 %/h, lo

cual se consideraba adecuado para su utilizacifa@anta experimental.
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3.1.3.3 Propiedades fisico-quimicas de los transportadorete oxigeno preparados

por mezcla masica y compresion

En la Tabla 3.4 se muestran los resultados obtempdoa los andlisis de porosimetria,
area BET, XRD vy resistencia mecdanica para los pamtadores de oxigeno preparados
por mezcla masica y compresion, utilizados en elctor de lecho fluidizado

discontinuo.

La porosidad de todos los transportadores de oaigsiibaja. No obstante, a pesar de la
baja porosidad todas las particulas son muy reectiSin embargo, la porosidad de las
particulas aument6é tras los ciclos redox. De estwdon para la familia de
transportadores de oxigeno de Cu60MgAl, con ma8Qdéaoras de operacién en el
lecho fluidizado discontinuo, se duplica la porasidle las particulas. Sin embargo, los
transportadores de oxigeno Cu60Zr_P1100a y Cu4QZ00a, con los cuales se

realizaron 15 a 20 horas de operacion, presentéigaro aumento de esta propiedad.

Tabla 3.4.Propiedades fisicas y quimicas de los transportadie oxigeno frescos y usados en lecho
fluidizado discontinuo.

g;gggigr? Porosidad (%) Area BET (m?/g) mRe(i:?'ilrS]tiig?l\al)
(h) Fresco Usado Fresco Usado Fresco Usado Fresco
CuO,Cu0O, CuO,
MgAI 204 MgAI 204
CuO,Cuy0, Cu0,
MgAI 204 MgAI 20,
CuO,Cu0, CuO,
Cu60MgAIl_P1100b 42 10.5 30.0 0.2 0.3 2.2 15 MgAI,O, MgAI,O,
| CuO,CuO, CuO,
Cu60zr_P1100a 10 7 9.1 0.1 0.1 4.9 4.6 Zr0, Zro,
CuO,Cu0, CuO,
ZrO, ZrO,

CuO,Cuy0,
Cu60Sep_P1100 3 10.5 0.4 2.2 1 Sepiolita*

CuO,Cu0,
Cu60Mg_P1100a 5 9.7 0.3 2.2 MgO

Transportador

de oxigeno

Cu60MgAl_P1100 28 13.0 26.4 0.3 0.40 12 0.9

Cu60MgAl_P1100a 25 11.2 22.5 0.2 0.3 19

[
(=]

Cu40Zr_P1100a 15 9 121 0.1 0.1 2.8 2.6

*Sepiolita: Alumino-silicato que contiene calcigpgtasio
Nota: Cu60Sep P1100 y Cu60Mg_P1100a no se cawauteni usados debido a que sélo se utilizaron 3
y 5 horas, respectivamente, en el lecho fluidizdgidoontinuo debido a la aglomeracion que presentan.

Todos los transportadores de oxigeno preparadosmgacla masica y compresion
tienen una resistencia mecanica superior a 1 N,squiea considerado adecuada para
trabajar bajo condiciones de fluidizacion [77]. Clms transportadores de oxigeno
Cu60MgAl _P1100 y Cu60MgAl_P1100a la resistenciadnea disminuye por debajo
de 1 N tras los experimentos realizados en eloeadet lecho fluidizado discontinuo, lo

que explicaria los altos valores de atricion olbes@og en la Figura 3.9. Por otro lado,
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los transportadores de oxigeno Cu60MgAl_P1100b $#0Zu P1100a presentan una
disminucién menor de su resistencia mecanica &ragpéracion en el reactor de lecho
fluidizado discontinuo, lo que esta relacionado ®wn baja velocidad de atricion

mostrada en la Figura 3.9.

En la Tabla 3.4 se muestran las fases cristalinassq observan en los difractogramas
obtenidos por XRD. En el caso de los transportadoe oxigeno frescos, aparece
Cw0O, debido a que a la temperatura de calcinaciétaselas condiciones necesarias
para que el CuO se descomponga aQOC(a 1100°C la concentracion de €n el
equilibrio es superior al 21%; ver Figura 1.19)eAths, también aparece CuO debido a
una oxidacién parcial durante el enfriamiento de hauestras en aire. Tras los
experimentos en el lecho fluidizado discontinudas@nte aparece la fase CuO debido
a la completa oxidacion en aire en el lecho. Tamlsié puede observar que no se
produjo interaccion entre el CuO vy los diferentesteriales inertes usados, lo que
justifica las elevadas conversiones obtenidas @iGl; ver Figura 3.4.

Los resultados indican que los transportadoresxiigeno preparados con un 60% de
CuO con MgA}O, como inerte, y un 40% de CuO con Zr@enen resultados

satisfactorios respecto a su reactividad y su cotapdento en la fluidizacion.

3.1.4 Evaluacion de transportadores de oxigeno prep  arados por spray

drying

La experiencia obtenida durante la evaluacion de garticulas obtenidas en el
laboratorio mediante el método de mezcla masicampeesion se ha utilizado para
elegir las condiciones de preparacion de las peascde transportador de oxigeno
mediante un método industrial. Un transportadosxdgeno con un 60% de CuO y 40%
de MgALO, como material inerte, y con 40% de CuO y 60% de,Z&on adecuados

para su uso en el proceso CLOU con adecuada reactiy resistencia a la atricion.

Para escalar la produccién de transportadores igemmx de nivel de laboratorio a nivel
industrial es necesaria la produccion por un métadgran escala. Por lo tanto se

prepararon estos transportadores de oxigensgray drying
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El transportador de oxigeno con 40% de CuO y,Zr@no inerte preparado pspray
drying present6 una alta tendencia a la aglomeraciéordastta temperaturas en el
reactor de lecho fluidizado discontinuo y por tantose seleccion6 para su posterior
evaluacion. Por el contrario, Asi pues en estaiGecse evalud y caracterizé el
transportador de oxigeno con un 60% de CuO y un d®¥gALO, (Cu60MgAl_SD)
preparado pospay dryingmostré un buen comportamiento, y por tanto seuévglen
caracteriz6 tanto en TGA como en el reactor deddicidizado discontinuo.

3.1.4.1 Analisis de la reactividad en TGA

El transportador de oxigeno Cu60MgAl_SD se caradezn TGA para analizar las
velocidades de generacion de oxigeno y regeneracidancion del niumero de ciclos,
temperatura y concentracién de oxigeno. Se encguidanto para la reduccién como

para la oxidacion la velocidad de reaccion erabsizon los ciclos.

La Figura 3.10 muestra la conversion del transdortale oxigeno en funcion del
tiempo a 1000 °C, tanto para la reduccion (a) cgmeca la oxidacion (b). El

transportador de oxigeno muestra altas velocidatkesgeneracion de oxigeno,
alcanzando conversion completa del sélido en mdads minuto. Estos resultados son
muy similares a los obtenidos en la TGA para lendportadores de oxigeno
preparados por pelletizacion por compresion, céocidades de generacion de oxigeno
de 1.66-18 (kg OJ/s-kg TO) frente a 1.57-F0(kg OJs-kg TO) obtenidos para el
transportador de oxigeno Cu60MgAl_P1100b. Respecta oxidacion, se puede
observar también una alta velocidad de regenerat@brransportador de oxigeno, la
cual también es muy similar a la obtenida paraagisportador de oxigeno preparado

por mezcla masica y compresion (ver Figura 3.4).
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Figura 3.10.Curvas-conversion tiempo para las reacciones sieod@osicion y oxidacion de muestras
frescas y usadas en el reactor de lecho fluidigistmntinuo. Reduccién emy oxidacion en aire a
1000 °C en la TGA.

3.1.4.2 Comportamiento del transportador de oxigeno Cu60MgA SD en el
reactor de lecho fluidizado discontinuo | (ciclos bAire)

Se llevaron a cabo multiples ciclos redox en ettarade lecho fluidizado discontinuo
para analizar la generacion de oxigeno del matesalcomo su comportamiento frente
a la aglomeracion y la velocidad de atricion dwrdat fluidizacion. Se realizaron un

total de 40h de fluidizaciéon a 950°C durante 2bsicedox consecutivos.
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Figura 3.11.Concentracion de oxigeno en funcién del tiempa Bariclos redox consecutivos en el
reactor de lecho fluidizado discontinuo para eigportador de oxigeno Cu60MgAIl_SD a 950°C.
Reduccion: 100% N Oxidacion: Aire.

Como ejemplo, la Figura 3.11 muestra la conceritracie oxigeno a la salida del

reactor para 6 ciclos redox consecutivos para ahsportador de oxigeno
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Cu60MgAIl_SD. Se puede observar que el comportamidet material fue estable

durante todas las etapas de reduccién-oxidacion.

La Figura 3.12 muestra la conversion del transgortale oxigeno y el perfil de,O
durante el periodo de reduccion y oxidacion duranteiclo tipico. También se muestra
la concentracion de LOen el equilibrio a 950°C. La concentracion dg €3ta muy
préxima al equilibrio durante la mayor parte del@ide reduccion. El transportador de
oxigeno muestra una velocidad de generacion deewgigconstante mientras la
conversion de oxidacion ¢ del transportador de oxigeno se va reduciendta has
valor de %4 = 0.35.

20 A

Xox ¢

($3)
Il

Concentracion O 5 (%)
G

Tiempo (min)

Figura 3.12.Evaluacioén de la concentracién de(©- -) y de la conversién del transportador de oxigeno
(—) durante un ciclo redox en el reactor lecho fado discontinuo usando como transportador de
oxigeno Cu60MgAIl_SD a 950 °C. Reduccién: 100% Nxidacion: aire. (- --) Concentracion de

equilibrio del oxigeno.

Los experimentos realizados en el reactor lechwliflado discontinuo son también
Gtiles para determinar el comportamiento del trartsplor de oxigeno con respecto a la
atricion y la aglomeracion. La Figura 3.13 muestravelocidad de atricion para el
transportador Cu60MgAIl_SD en funcién del tiempoogeracion. Se puede observar
qgue la velocidad de atricion es estable y con darvauy bajo (0.004 %/h), lo que
corresponde a un tiempo de vida de las particlda®58000 horas. Esta velocidad de
atricion esmucho menor a la obtenida con el mejor de los nadésr preparados por
mezcla masica y compresion usando M@hlcomo material inerte; ver Figura 3.9.
Ademas, a pesar del alto contenido en CuO del rmhtede la alta temperatura usada
en la fluidizacion, el transportador de oxigengpprado poispray dryingno presenté

ninguna tendencia a la aglomeracion durante losrarpntos.
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Figure 3.13.Velocidad de atricién para el Cu60MgAIl_SD durdoteciclos redox en funcion del tiempo
de operacion en el reactor lecho fluidizado disooat

3.1.4.3 Caracterizacion del transportador de oxigeno Cu60Mgl_SD

Se han caracterizado por diferentes técnicas kayas del transportador de oxigeno
Cu60MgAl_SD, tanto frescas como tras 40h de flaician en el reactor de lecho
fluidizado. La Tabla 3.5 muestra las propiedades medevantes para las particulas
usadas en comparacion con las frescas. El an&IRIZ tanto de las muestras frescas
como usadas revela la presencia de CuO y M@Atomo componentes principales.

Por lo tanto, no se observan cambios en la esteugtuimica del material.

Tabla 3.5.Propiedades de las particulas de transportadoxigerso Cu60MgAl_SD tanto frescas como
usadas en el reactor de lecho fluidizado discoatinu

Contenido en CuO (%) 60 60
Capacidad de transporte de oxigeRey; (%) 6 6
Resistencia mecéanica (N) 2.4 1.6
Densidad del sélido (kg/n 3860 3955
Porosidad (%) 16.1 24.0
Area superficial especifica, BET {iy) <0.5 0.54
Fases principales, XRD CuO, MgALO, CuO,MgALO,

a: 40 h en el reactor de lecho fluidizado discartin

El contenido de cobre de todas las muestras semdete por reduccion completa
usando un 15% de,Hen N a 850°C en la TGA. En todos los casos, tanto para
particulas frescas como usadas, el contenido de €wOdel 60%. Ademas, se
determiné que la reactividad de las particulas asa&da igual que la de las particulas
frescas, tanto para la reduccién encimo para la oxidacion en aire; ver Figura 3.10.
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Tanto para las muestras frescas como para lassusadancontraron valores muy bajos
para el area especifica BET de alrededor de &/ ®in embargo, las particulas frescas
tenian una porosidad de 16.1% que aumentaba h&dtar@s 40 horas de operacion en
el lecho fluidizado discontinuo. Ademas, se obsema disminucién de la resistencia
mecanica de las particulas desde 2.4 N a 1.6 N lpargarticulas usadas. Esta
disminucién de la resistencia mecanica esta relad@ con el incremento de la

porosidad, pero aun se mantiene por encima dehmiacordado de 1 N [77].

Frescas

Usadas
L4 Y 8%

al
au.

[o] 50 1(;0 1:’:0 260 25;0 0 20 40 60 80 100120140160
dp (um) dp (um)
Figure 3.14.Imagenes SEM de particulas frescas (izquierda3agas (derecha) después de 40h en el
reactor de lecho fluidizado discontinuo: (a, d) gmdes de las particulas enteras; (b, €) imagenles de
seccion transversal de las particulas; (c, f) imagperfil EDX del Cu en la seccion transversalda
particula.

Finalmente, la Figura 3.14 muestra las imagenes $EMperfil EDX de las particulas
frescas (izquierda) y usadas tras 40h en el reatdolecho fluidizado discontinuo

(derecha). Se puede observar que las particulzentiena forma esférica muy regular
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con una cavidad en el nacleo de las particulasydh es caracteristica de las particulas
preparadas pospray drying En el perfil EDX de las particulas tanto fresdaigjura
3.14 (c), como usadas, Figura 3.14 (f), se puederghr que la distribucion del CuO es

uniforme en el interior de las particulas y quéhaacambiado tras 40h de operacion.

3.1.5 Estudio de otros materiales preparados por  spray drying

A la vista de los buenos resultados obtenidos tomagerial Cu60MgAl_SD preparado
por spray drying se optd por incrementar la exploracion de mdesigpara CLOU
preparados por este mismo método industrial. Daranéstancia de investigacion en la
Universidad Tecnoldgica de Chalmers se investigédatividad y las caracteristicas de
diferentes transportadores de oxigeno basadosida d& cobre preparados Epray
drying. Como inertes se usaron Mg@,, TiO, y SiO,; materiales que habian dado
buenos resultados en los test de reactividad, g@mmostro en las Figuras 3.3 y 3.4.
También se prepararon particulas con mezclas de emrtes en diferente proporcion,
como se pueden ver en la Tabla 2.1. Estos trargfmwds de oxigeno se prepararon con
un 40% de CuO para minimizar la tendencia a aglaai@n (razén por la cual los
materiales preparados con BipSIO, habian sido desechados anteriormente), mientras
gue se mantiene una capacidad de transporte denaxipficientemente alta para el
proceso CLOU Ryo =4%).

3.1.5.1 Comportamiento de los transportadores de oxigeno easiclos N-aire

Se realizaron multiples ciclos redox en el reat#oho fluidizado discontinuo Il para
investigar el comportamiento de los transportaddeeexigeno frente a la liberacion de
oxigeno y la resistencia a la aglomeracién. Losspartadores con un 60% de FiO
(C4T6) y con una combinacién del 20% de I¥Dun 40% de Si@(C4T2S4) como
soportes, aglomeraron durante el primer ciclo degeion con M, y por lo tanto no se

continuaron estudiando.
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Figura 3.15.Concentracion de oxigena (. ) medida a la salidaedadtor de lecho fluidizado
discontinuo Il durante la reduccion con &ldiferentes temperaturas del lecho. Transpor@gaxigeno:
(a) C4S6_1000; (b) CAMAA4T2_970. Concentracion der®el equilibrio para cada temperatura (- - -).

Como ejemplo, la Figura 3.15 muestra la conceriirade oxigeno a la salida de reactor
lecho fluidizado discontinuo para los transportadorde oxigeno C4S6 1000 y
CAMAA4T2_ 970 junto con la concentracion de oxigeno exuilibrio, para tres
temperaturas diferentes. Durante la reduccion cgrektepto materiales con un 40%
MgAl,O, y 20% SiQ (C4MAA4S2), todos los transportadores de oxigernodeslos
liberaban oxigeno con concentraciones cercanagsariaspondiente al equilibrio para

cada temperatura estudiada.

3.1.5.2 Reactividad con metano

También se realizé la medida de la reactividadstesemateriales. En este caso, no se
realizaron estudios en TGA, y el analisis de latie@ad se realizé utilizando GHen

el reactor de lecho fluidizado discontinuo Il coges reaccionante, ver seccion 2.4.3.
Se distinguen dos casos tipos, diferenciandosemlateriales con los que se logra
combustiéon completa de GHde los que no son capaces de convertir todo el CH
alimentado. La Figura 3.16 muestra los perfiledeseperatura y concentracion de gas
durante los experimentos de reactividad con meaa®@6°C para los transportadores de
oxigeno C4AMA6_1030 y C4AMA4S2_1030. Puede versadndura 3.16(a) que para el
transportador de oxigeno C4MA6_1030 se obtiene emign completa del
combustible a C®y H,0. Esto se debe a la rapida velocidad de generdei@xigeno

por parte del transportador de oxigeno. Ademagsraelsportador de oxigeno sigue
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siendo capaz de liberar oxigeno con una conce@ira@rcana a la de equilibrio. Hay
gue notar que durante la reduccion, la temperanral lecho se incrementa alrededor
de 25°C y por tanto el transportador de oxigererdibnayor cantidad de oxigeno. Por
otro lado, con el transportador C4MA4S2_ 1030, Rg@rl6(b), no se obtuvo una
conversion completa de GHapareciendo inquemados como CO vy el propiq &Hla
corriente de salida del reactor de lecho fluidizatigcontinuo. Ademas, durante la
reduccion, descendié la concentracion de eRistente junto con los productos de
combustion. Estos efectos se atribuyen a que txideld de generacion de oxigeno de
C4AMA4S2_ 1030 es mucho mas baja que la del CAMAB).103
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Figura 3.16.Evolucion de la concentracion y temperatura derémteduccion con CHa 925°C para los
transportadores de oxigeno: (a) C4AMA6_1030; (b) 8452 _1030.
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La Figura 3.17 muestra los valores del rendimiengas promedioy. .., durante el

tercer ciclo de reduccion en funcion de la tempegagpara cada transportador de
oxigeno estudiado usando metano como combustiblgouBde observar que para la
mayoria de los transportadores, el rendimientosapgamedio para el metano aumenta
con la temperatura, debido a que al aumentar lpdgeatura aumenta la velocidad de la

reaccion.

Cabe destacar que existen tres transportadoresigieno que destacan por encima del
resto. Estos son los dos preparados con MA(CAMAG) y uno con SiQ (C4S6)
como inertes, los cuales muestran rendimiento apgasiedio de 1 para todas las
temperaturas y ademas durante los ciclos de remucoon N liberan Q a la
concentracion de equilibrio. Sin embargo, cuandprebaron mezclas de ambos inertes
(C4MA4S2), la reactividad de los transportadores dgigeno disminuyd
sustancialmente. Por otro lado, en los transportégdde oxigeno donde se usaron
mezclas MgAIO4/TiO, (CAMA2T4_970 y CAMA4T2_1000) y TKIBIO, (C4T4S2)
como soporte, las resistencias mecanicas eranigrgsea 1 N y presentaban razonables

valores de conversion de combustilgplg superiores a 0.9.

Hay que resaltar que la dureza no tiene una cordeldineal con los valores de atricién
y fragmentacion que sufren las particulas en uterss CLC real. No se observo
formacion de polvo o fragmentacion de las partielia ninguno de los transportadores
de oxigeno probados durante los experimentos dagiviead. Sin embargo, debido al
namero total de ciclos realizados, asi como lacigtml de gas usada es necesario
realizar experimentos de larga duracion para aoafirla estabilidad mecéanica de los
transportadores. Para obtener un indice de atrigda sirva para comparar la
resistencia de las particulas en un lecho fluidizeel realizaron medidas de atricion en
un equipo desarrollado en la Universidad Tecnobgie Chalmers [78] para pequefias
muestras de los transportadores de oxigeno. Paorear la atricion de las particulas

con su reactividad, la Figura 3.18 muestra el reredito a gas promedioj.g .., &

925°C para cada transportador de oxigeno estudindiuncion de su velocidad de
atricion, A.. Se puede observar que los transportadores deruxigenos reactivos son
los mas resistentes a la atricion. Por lo tantiesdra que llegar a un compromiso entre

la reactividad del transportador de oxigeno y sistencia a la atricion.
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Figura 3.18.Rendimiento a gas promediygg, ..., @ 925C en funcion de la velocidad de atriciéy,

para los transportadores de oxigeno preparadasppay drying

3.1.5.3 Propiedades fisico-quimicas de los transportadorete oxigeno preparados

por spray drying

La Tabla 3.6 resume el estudio de las particulasosidransportadores de oxigeno

respecto a los cambios fisico-quimicos sufridosailier los procesos redox a los que

fueron sometidas.

Tabla 3.6.Propiedades fisico-quimicas de los transportadigaes<igeno preparados mpray drying

Transportador de Densidad [g/cri

oxigeno

Frescas Usadas

Area BET [nf/g]

Fases Cristalinas detectadas, XRD

Frescas Usadas

-
gjgg:iggg 882 82; (1)%(1) é?? CuO, SiqQ (cuarzo), SiQ(cristobalita)
CaMA4TI A000 171 130 004 067 MgAI20;, MgT}O5, CuO
ST 1% 1% 0% 1 waa.0,T0, Cuo gTo,
CamAdS> 1030 166 115 01o 077 CUMSiOs CuO, MGALO,
e L o 2% cuo i S0, 50 o)

Para la mayoria de las muestras se produjo unaindisitn de la densidad y un

incremento del &rea BET de las particulas. Sin egobos transportadores de oxigeno

no sufrieron cambios en sus respectivas faseslomass obtenidos en los analisis por

XRD. Cabe destacar que en los transportadores igerax que contenian MgAb, y
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SiO, (C4AMAA4S2), el CuO habia reaccionado con ambogeaser se habia formado un
compuesto mixto CuMg8s, muy probablemente un compuesto no reactivo, B qu
explicaria la baja reactividad de estos transportsd de oxigeno tanto para la

generacion de oxigeno como para la combustién de CH

3.1.6 Seleccidn de un transportador de oxigeno

La Tabla 3.7 resume la funcionalidad global de tmmsportadores de oxigeno
preparados pospray dryingcon un 40% de CuO durante los ciclos de redoxNon
CH,.

Tabla 3.7.Funcionalidad global de los transportadores dgemd preparados pepray drying.

Transportador de o . . Resistencia Velocidad de
oxigeno Aglomeracion Concentracién de Q Reactividad Mecanica (N) atricion, A, (%/h)
C4T6_950 Si
C4T6_970 Si
C4AMA6_1000 No Equilibrio Muy Alta 0.6 1.2
C4MA6_1030 No Equilibrio Muy Alta 0.8 14
C4S6_1000 No Equilibrio Muy Alta 0.7 19.4
C4S6_1030 No Equilibrio Muy Alta 0.5 25.6
Ligeramente inferior al
C4AMA4T2_970 No equilibrio Alta 1.0 1.4
CAMAAT2_1000 No Ligeramente inferior al Alta 15 05
equilibrio
Ligeramente inferior al
C4MA2T4_970 No equilibrio Alta 1.3 11
C4MA2T4_1000 No Ligeramente inferior al Alta 1.0 0.6
- equilibrio
C4MA4S2_1000 No Inferior al Equilibrio Media 1.4 0.2
C4MA4S2_1030 No Inferior al Equilibrio Media 1.7 0.3
Ligeramente inferior al
C4T4S2_950 No equilibrio Alta 1.7 0.5
CA4T4S2_970 No Ligeramente inferior al Alta 1.8 0.6
— equilibrio
C4T2S4_1000 Si
CA4T2S4_1030 Si
Cu60MgAl_SD No Equilibrio Muy alta 2.4 0.004

*Resistencia mecanica: Baja (<1 N); Media (+1-2aitg (>2 N)

En el estudio realizado con los materiales prepergdr spray drying con un 40% de
CuO se ha observado que la reactividad de los ialagt®ise encuentra relacionada de
algin modo con la resistencia mecanica. Algunosoderansportadores de oxigeno
estudiados presentaban razonables valores deliglstdlinecanica, como indicaban los
valores de resistencia mecanica en la Tabla 3.blb$tante, se puede observar que los

transportadores con mayor resistencia mecanica,Tablta 3.7, presentaban menor
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conversion de CIj representado por el parametyg, . Esto se debia a una menor

velocidad de generacion de oxigeno, Figura 3.17@mparados con los

transportadores de oxigeno con menor resistenc@nita, como muestra la Figura
3.17(b). Asi, la mayoria de los transportadores wom resistencia mecanica de 1 N o
inferior mostraron conversiones del combustiblecaeas al 100%. De este modo,
aungue las particulas del transportador de oxigeumMAG6 son las mas reactivas,

presentan bajas resistencias mecanicas (<1 N).

Por otro lado, el transportador de oxigeno Cu60M&®BI mostrd alta reactividad en
TGA y en reactor de lecho fluidizado discontinuar Fo tanto, igual que en los
transportadores de oxigeno preparados por mezclsicandy compresion, los
transportadores de oxigeno con un 60% de Oxidoadbeecy usando como inerte
MgAIl,O4 muestran altos valores de reactividad y de gerdgrate oxigeno, asi como
unos valores de velocidad de atricion que los hacemos candidatos para el proceso
CLOU. Por lo tanto se decidié seleccionar comorahdportador de oxigeno mas
prometedor para el proceso CLOU el material Cu60OM8A y realizar su estudio
pormenorizado durante la combustion de carbén tamoun lecho fluidizado

discontinuo como en una planta piloto en continuo.
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3.2 Andlisis de la transferencia de oxigeno enlac ombustién de carbon

Después del estudio de diferentes materiales comasgortadores de oxigeno,
mostrado en la seccion 3.1, se seleccioné el toatagor Cu60MgAl_SD como el
mejor candidato para el proceso CLOU. Para detemsn comportamiento frente a la
generacion de oxigeno en unas condiciones de opersimilares a las que se tendrian
en el proceso CLOU, se realizaron experimentos @éptes ciclos redox en un reactor
de lecho fluidizado discontinuo para combustibi@gles (reactor de lecho fluidizado
discontinuo Ill, Articulo 1V).

Los experimentos se realizaron con una masa de et240 g. Durante el periodo de
reduccion se utilizaron pequefias cargas de caiitdmiboso alto en volatiles o carbén
colombiano “El Cerrejon” pre-tratado, con tamafias mhrticula +0.1-0.3 mm. El

cociente masico entre el transportador de oxigeslocgrbon se varié entre 12 y 1200.
Se realizaron 34 ciclos redox con el transportagooxigeno lo que resulta en un total
de 31 horas de operacién entre 900 y 950 °C. Daireste tiempo el transportador de
oxigeno no mostrd problemas de aglomeracion, iockisgando el transportador de

oxigeno llegd a estar altamente reducido g0Cdurante el periodo de reduccion.
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Figura 3.19.Concentraciones de,(CO,, CO, H y CH, durante un tipico ciclo redox con

Cu60MgAl_SD. También se muestran la variacion devecsion del transportador de oxigeKg,, Y la
temperatura durante los periodos de reducciondagidn.Ty = 925°C; reduccién con,ly oxidacion con
aire; fraccidon masica de transportador de oxig&@6%. Carga de carbédn: 2g. Cociente TO/carbén = 120
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A modo de ejemplo, la Figura 3.19 muestra las aunaeiones de £ CQO,, CO, CH y

H, medidas a la salida del reactor y la temperatetdetho durante un ciclo redox

tipico a 925°C con un inventario de transportadorogigeno de 240 g. Durante la
reduccion se utiliz6 como gas de fluidizaciog Waire durante la oxidacion. El tiempo

t = 0 corresponde al inicio del periodo de redutciEs decir cuando se reemplaza el

aire de la oxidacion por N

Al comienzo, el transportador de oxigeno liberah@sta alcanzar la concentracién de
equilibrio a la temperatura del lecho. En este queride tiempo, la velocidad de
conversién del transportador de oxigeno se enauéntitada por la velocidad del gas,
el cual arrastra el Oproducido en condiciones de equilibrio. Despuésudecorto
periodo en atmosfera inerte se alimenta al reaatar carga de 2 g de particulas de
carbon, tras la cual se observa; GQO, en los gases de salida del reactor. No aparece
ningun otro componente, como podria ser €60 o CH, lo que indica combustion
completa de los volatiles y del char. La concembrade CQ fue del 76% y se mantuvo
constante durante alrededor de 8 segundos. Paosterite se redujo a 0 cuando se
alcanzé la combustion completa de la carga de nadiiinentada. Este resultado
sugiere una rapida combustién del carb6n y de geiter de oxigeno. En estas
condiciones, el flujo de gas de salida del reaséomcrementd por un factor de 5 con
respecto a la corriente de Bntrante debido a la gran cantidad de 8,0 generados
durante la combustion del carbon. Ademas, la vésatide generacion de oxigeno fue
tan alta como para suministrar oxigeno gaseos) €@ exceso junto a los gases de
combustién. Durante la combustion la temperatutdedbo se incrementd unos 30 °C
debido a la exotermicidad de la reaccion del Cu@elacarbon, ver Ecuacion 1.11. La
concentracion de oxigeno aumenté en el lecho jano temperatura, manteniéndose
cerca del valor de la concentracion en equilibtianzlo la temperatura variaba. Este
hecho indica que el transportador de oxigeno eszcaje transferir el oxigeno

demandado por el carbon para su combustion jur@ ghseoso necesario.

En la Figura 3.19 también se muestra la variaceétacconversion del transportador de
oxigeno,Xoyx con el tiempo de reaccion. Se puede observarefjteansportador de
oxigeno se convierte lentamente durante el perioid@l previo a la alimentacion de
carbon debido a que la velocidad de generacion destaba limitada por el hecho de

que se alcanzaba la concentracion de equilibriausencia de combustible. Cuando se
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alimenta carbon al lecho se produce una brusceaacr@an de la conversion del
transportador de oxigeno debido a la rapida tramsééa de oxigeno del transportador
de oxigeno al combustible. Después de que se qaepwarcompleto el carboén, el
transportador de oxigeno continto generagad@bido a que no se redujo por completo
durante la etapa de combustion, alcanzandose de taieoncentracion de equilibrio.
La variacion de la conversion del sélido durantpezlodo de reduccion fue del 41%. El
periodo de oxidacién comenz6 en t = 360 s y seypoodn rapido incremento de la
temperatura del lecho debido a lo altamente exatérgue es la oxidacion del &ua
CuO. De forma similar a lo ocurrido en el periogordduccion, la concentracién de O
se mantuvo préxima a la del equilibrio hasta quexsgd por completo el transportador
de oxigeno, lo cual concuerda con la alta reacidel material observado en la TGA

en el apartado 3.1.3.1.

Estas mismas series experimentales se realizaddarantes temperaturas inicialds,
de 900, 925 y 950 °C. En estos casos, cuando reerdiba el carbon al lecho la
temperatura se incrementaba durante la combuséi@abon hasta 930, 955 y 980 °C,

respectivamente. Dicha temperatura maxima se cendsid temperatura de reaccion.

3.2.1 Efecto de la relaciéon entre el transportador  de oxigeno y el carbén

Para analizar la combustion del carb6n en CLOU diebtenerse en cuenta que en el
reactor de reduccion se suceden dos procesos En kergeneracion de Oy la
combustién del carbon con el, @enerado. Si el flujo de oxigeno generado por el
transportador de oxigeno es mayor que la velocildcombustion del carbén, se
alcanza la concentracién de oxigeno en equilibyiqgor lo tanto la velocidad de
combustion del carbon dependera de la propia wedati del carbon. Por el contrario,
si no se alcanzase la concentracion de®equilibrio, la velocidad de combustion del
carbon se veria limitada por la velocidad de ger@nade oxigeno. En las condiciones
de operacion seleccionadas para la Figura 3.16naecsion del carbdn estaba limitada
por su propia reactividad, es decir por la velodidie combustion del carbén a la
concentracion de £existente en el lecho y no por la velocidad aula ¢ transportador
de oxigeno transfiere oxigeno al combustible, ya lyabia @ libre en el reactor. El

transportador de oxigeno, todavia era capaz de deingeno a una mayor velocidad si
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hubiera habido una mayor cantidad de carbon. Rorsel variaron las relaciones de

transportador de oxigeno/combustible entre 12 ¥120

Se observé que con cocientes inferiores a 35 m$piartador de oxigeno se reducia por
completo después de la alimentacion del carbénaqeexchar sin quemar en el lecho.
Por lo tanto, algo de char inquemado se quemaleh periodo de oxidacidn posterior,
lo cual era evidenciado por la presencia de €®los gases a la salida del reactor. El
valor de 35 para el cociente entre el transportdéooxigeno y el carbdn estaba cerca
del valor de oxigeno estequiométrico disponibleskelecho para convertir este carbon
en CQ y H,O, que era de 30. El ratio observado era ligeraensaperior al tedrico
debido a que parte del oxigeno en las particukaibErado antes de la alimentacién del
carbon al lecho. No obstante, hay que destacaloggee se pretender determinar es la
velocidad de generacion de oxigeno durante su certycsiendo para ello irrelevante el

hecho de que quedase char sin quemar al final elepa de reduccion.

Para determinar la velocidad maxima de combust&mratbon y de transferencia de
oxigeno por parte del transportador de oxigenaeakzaron experimentos variando la
relacibn masica transportador de oxigeno a combestn primer lugar se llevaron a
cabo experimentos variando la carga de carb6on de2da 2 g, lo que corresponde a
ratios transportador de oxigeno carbon entre 12002¢. Como se esperaba, la
concentracion de CQa la salida del reactor se increment6 con la dadtde carbon
afladida ya que se gquemaba mas carbon, por lo querslportador de oxigeno
transferia mas oxigeno. No se detectaron en ningéa ni CH, CO ni H, indicando
combustiéon completa de los volatiles en el leclsd,camo el carbono del char. De la
evolucion del CQy O, en la fase gaseosa, es posible calcular la veldditstantanea

de transferencia de oxigeng, .., con la Ecuacion (2.10). La Figura 3.20 muestra la

velocidad instantanea de transferencia de oxigemante el periodo de combustion,

fo,reas €N fUNCion del cociente masico entre transportalo oxigeno y el carbon

alimentado. El efecto del cociente entre el trartapor de oxigeno y el carbon es

evidente en la velocidad de transferencia de owigén este caso se observo aye.,

es inversamente proporcional al cociente entnapsportador de oxigeno y el carbon.
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Figure 3.20.Velocidad instantanea de transferencia de oxig@ged , para el Cu0OMgAIl_SD en

funcién del cociente masico entre el transportagooxigeno y el carbén alimentadg, = 955°C.
Fraccion mésica de transportador de oxigeno ezaetor: 100 %.

El creciente requerimiento de oxigeno cuando lgaae carbon aumenta (es decir,
cuando el cociente disminuye) es completamentsfsetio por el transportador de
oxigeno. Por lo tanto, en las condiciones CLOU asaen estos experimentos, el
oxigeno generado por el transportador de oxigerestélimitado por la reactividad del
mismo, sino por la demanda de oxigeno por partecadion. Es decir, cuanto mas
oxigeno es demandado, mas oxigeno es suministEzte. hecho sugiere que una
disminucién del cociente entre el transportadorogigieno y carbon podria permitir
incrementar la velocidad de generacién de oxigenpgpcionada por el transportador
de oxigeno Cu60MgAIl_SD. Se observd que un descemsticho cociente por debajo
de un valor de 50 causaba la aparicion de CO i@ en los gases de salida durante
el periodo de reduccion, asi como una concentra@ @ inferior a la de equilibrio.
Sin embargo, no se encontraron en ningun caso RINCH,. Este hecho sugiere que la
presencia de CO con los gases de combustién noelgisioda la limitacion del
transportador de oxigeno para suministrar el oxigeguerido por el combustible, sino
mas bien a la ineficiente combustion del char ¢odevoléatiles a bajas concentraciones
de Q. Ademas, se observl una concentracion de oxiggnificativamente menor que
la de equilibrio, lo que indicaba que la velociddel transferencia de oxigeno esta

alcanzando el valor maximo dado por la reactivideldransportador de oxigeno.

Por lo tanto, la velocidad instantanea maxima @msferencia de oxigeno por el
material no se pudo determinar durante esta semerienental, siendo necesario
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trabajar con mayores valores del cociente entteaesportador de oxigeno y carbon.
Con el objetivo de disminuir el cociente entrerahsportador de oxigeno y el carbon
pero a la vez manteniendo la confianza en losteetng obtenidos, se realizé una serie
experimental diluyendo el transportador de oxigean particulas de alimina, pero
manteniendo la masa total de sélidos en el reaetd@40 g. En esta segunda tanda de
experimentos se utilizaron cargas de carbén eanglor 0.4-1.2 g a 925 °C usando una
fraccién masica de transportador de oxigeno del &8%lumina. Por lo tanto, el ratio
transportador de oxigeno/carbon estaba en el ré@). Finalmente, para determinar
la velocidad maxima de transferencia de oxigenoreadiz6 una tercera serie
experimental, donde la fraccion masica de Cu60MgAB en el lecho fue de 2.5%, y
las cargas de carbén eran entre 0.03 y 0.5 g,daqguresponde a ratio transportador de

oxigeno carbon entre 200 y 12.

La Figura 3.21 muestra la velocidad instantanesatesferencia de oxigeno en funcion
del cociente masico entre el transportador de owige el carbén en escala doble
logaritmica. Para observar la tendencia global alevdlocidad de transferencia de
oxigeno, se incluyen en la grafica los resultadisrados con las diferentes diluciones
del transportador de oxigeno en alimina, es deaifacciones masicas del 100%, del
10% y el 2.5%. Se puede observar una tendencidasiantre los datos obtenidos con
las diferentes diluciones del transportador de endgpara similares cocientes masicos.
Cuando disminuye el cociente transportador de oxigarbdén desde valores altos
hasta valores de 25, la velocidad de transferafeiaxigeno aumenta. Sin embargo, se
puede observar que a menores valores del cociamspbrtador de oxigeno/carboén la
velocidad de transferencia de oxigeno alcanza winmea y no se obtienen mayores
incrementos en la velocidad de transferencia dgeoxi aunque se disminuya el
cociente transportador de oxigeno carbdn. Pordtotgara cocientes inferiores a 25,
donde se ha alcanzado la velocidad maxima de é@msfia de oxigeno, la conversion
del carbdn esta limitada por la velocidad de trenesfcia de oxigeno del transportador
de oxigeno. El valor para la maxima velocidad dedferencia de oxigeno calculado
fue de 2.6 18 kg OJ/s por kg de transportador de oxigeno cuando lpeeatura
durante el periodo de reduccion fue de 955 °C.
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Figura 3.21.Velocidad instantanea de transferencia de oxnggged , para el transportador de oxigeno

Cu60MgA_SD en funcidn del cociente masico entteagisportador de oxigeno y el combustiblg,=
955 °C. Fraccion masica del transportador de ogigerel reactora) 100%; (A) 10%; (@) 2.5% con
carbon; ¢) 2.5% de transportador de oxigeno con char.

A las otras temperaturas analizadag €71900 °C y § = 950 °C) se encontraron
tendencias similares para las velocidades de gaderale oxigeno en funcion del
cociente transportador de oxigeno/carbén. No otsstaa velocidad maxima de
generacion de oxigeno aumentaba al aumentar laetatopa de reaccion como puede

verse en la Tabla 3.8.

Tabla 3.8.Valor maximo de la velocidad de generacion de mqéoz,max' para el transportador de

oxigeno Cu60MgAIl_SD vy el inventario necesario cialda de transportador de oxigeno en el reactor de
reduccion para la combustion de carbég, en funcion de la temperatura.

(o Qbmwx'lé MeR
Naeal 50 (kgO./s per kg TO) (kg TO/MW )
930 2.1 39
955 2.6 32
980 2.8 29

3.2.2 Regiones de combustion

Analizando los productos de combustion al variar cetiente transportador de
oxigeno/carbon se pueden delimitar diferentes negiale combustion para el proceso

CLOU. La Figura 3.22(a) muestra el rendimiento 0%, , mientras quen la Figura

3.22(b) se muestra el cociente entre la concedrade Q a la salida del reactor y la

concentracion de Oen equilibrio, G/O,eq Segln estos resultados se pueden
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diferenciar tres regiones. Se defindRlegion | como la regién donde no hay CO en los
gases de salida del reactor, correspondiendo aentesi transportador de
oxigeno/carbon superiores a 50. La velocidad desfeaencia de oxigeno para la

frontera entre regiones era alrededor de 14 Oy/s por kg de transportador de

oxigeno.
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Figura 3.22.(a) Rendimiento a C{Qy (b) cociente entre la concentracion dealda salida del reactor y la
concentracion de £en equilibrio, @O, ¢, en funcion del cociente masico entre el transpiort de
oxigeno y el carbor.,.= 925 °C. Fraccién masica del transportador dgemd Cu60MgAIl_SD en el
reactor: @) 100 %; (A) 10 %; (@) 2.5 %.

En la Figura 3.22 se puede observar que tanto relimeento a CQ@ como la
concentracion de Qdisminuyen cuando el cociente entre el transportdd oxigeno y
el carbon disminuye por debajo de 50. Este compuetsto es debido a que el
transportador no es capaz de generar oxigenoimesuémente rapido para quemar por
completo el carbon a GQaunque se trabajara en condiciones sobre-esteqtrioas,
es decir, por encima de 30 kg de transportadorxdgeno por kg de carbon. Por lo
tanto, en laRegion I, aparecen simultaneamente YYCO en los gases de salida del
reactor. Esta region esta limitada por valores abeiente entre el transportador de
oxigeno y el carbon entre 25 y 50. Ademas, enregian se encontraron juntos CO y
O, a la salida del reactor debido a que la concanttade Q en los gases era
demasiado baja para permitir la completa combust®€O a CQ La cantidad de O
en los gases de combustion deberia haber sidoiesuéicpara convertir el CO

remanente a C{ron cocientes superiores a 35, pero esto no ocemrel reactor.
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Finalmente, se define Region Il como aquella donde aparecia CO inquemado sin O
presente en los gases de salida. En esta regi@icaeza la maxima velocidad de
transferencia de oxigeno, y disminuyendo el inwémtale solidos no es posible
suministrar el oxigeno necesario para convertirqoonpleto el carbon en el reactor de
reduccion a la velocidad demandado por el carbéte Becho determina un cambio en
el proceso limitante durante la conversion del @aylpasando de estar controlado por la
reactividad del char a ser controlado por la veladide produccién de oxigeno por
parte del transportador de oxigeno, y determinamdgreactividad del transportador
de oxigeno. Esta region fue observada para valdeéscociente transportador de

oxigeno/carbon inferiores a 25.

Se puede relacionar la velocidad de transferereiaxtheno con el inventario de sélido
necesario para suministrar el oxigeno para la cstidrudel combustible en el reactor

de reduccion. Asi, el inventario de solidos,, .., depende del flujo de carbon que se
puede procesar con el transportador de oxigeno \eltidad de transferencia de
oxigeno supuesta, .., Y se calcula como:

Qg

Io, redP Cl

Mro,rr = 10° (3.2)

siendoQsk la masa de oxigeno requerida por kg de carbBRlyes el valor de poder
calorifico inferior del combustible solido. Del dis& del carbon mostrado en la Tabla
2.2, se calcul6é un valor d@sg = 2.1 por kg de carbén, dondeRCI del carbén “El
Cerrejon” pre-tratado es de 25878 kJ/kg. Por leotamsando la Ecuacién (3.1) y con
los valores de velocidad de trasferencia de oxigaenetrados en la Figura 3.21 se
puede calcular el inventario de sélidos en el mrad# reduccidon correspondiente a cada
velocidad de transferencia de oxigeno. La Figug8 3nuestra las tres regiones de
combustion encontradas relacionando el inventaisdlidos en el reactor de reduccion
con el cociente entre el transportador de oxigeabcarbon. Como se puede observar,
al disminuir el cociente disminuye el inventario sididos en el reactor de reduccion,
hasta alcanzar un valor estable en el cual se demzddo la méxima velocidad de
transferencia de oxigeno, y por lo tanto aunquesiga disminuyendo el cociente

transportador de oxigeno/carbén no disminuye ariterio de sélidos necesario
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Figura 3.23.Inventario de sélidos en el reactor de reduccaoutado para el transportador de oxigeno
Cu60MgAl_SD en funcién del cociente masico entregaisportador de oxigeno y el carbdp.,=
955°C. Fraccién masica del transportador de oxi@&®dMgAl_SD en el reactorm] 100%; (A) 10%;
() 2.5%.

La Figura 3.23 también muestra los inventarios ggjgara cada region a Taax =
955°C. Un inventario de 58 kg/MV¢epararia las Regiones | y Il. La Region Il se
dividiria en dos sub-regiones en funcién de sitexen el reactor suficiente,@ara
quemar el CO generado o no. Asi, dentro de la Relgig entre 32 y 43 kg/MWno
habria suficiente @libre para quemar el CO, mientras que en el rad3368 kg/MW se
podria obtener combustion completa del combustiioigiente abajo en una etapa
posterior por medio de una combustion catalitioa lsi necesidad de afiadir, O
adicional. Finalmente, la Regién Ill comienza atipae inventario de sélidos inferiores
a 32 kg/MW. Con este inventario no habia €n la corriente de salida del reactor, y no

se lograria la combustion completa.

Por otra parte, el inventario de soélidos en el togade reduccion depende de la
temperatura del reactor, ya que la velocidad desteaencia de oxigeno depende de la
temperatura. En la Tabla 3.8 se muestran los iaviestde solidos calculados a las tres
temperaturas utilizadas. Asi, a 930°C serian ngossa9 kg/MW en el reactor de
reduccion, disminuyendo hasta 29 kg/M® aumentar la temperatura hasta 980°C.
Estos valores de inventario de solidos corresporadéam cantidad minima de solido
necesario para generar el oxigeno necesario pamortgustion del carbon. Sin
embargo, de los resultados experimentales se depligces necesario tener un exceso
de oxigeno en los gases de salida del reactorgb@anzar la combustion completa del
combustible a C®y H,0.
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3.2.3 Determinacion de la velocidad maxima de gener acion de oxigeno
durante la combustion de char

La conversion de carbon incluye una primera etapdesvolatilizacion y la posterior
combustion de la materia volatil y el residuo cadso (char). Segun el esquema
CLOU, la conversion de char es clave para obtdeeadas eficacias de captura de,CO
en el proceso. Para evaluar de manera independiéectaversion del char se realizaron
experimentos usando cargas de char en vez de c&bdociente entre el transportador
de oxigeno y el char se vario entre 150 a 14. Iqualen el caso de los experimentos
con carbon, a altos valores del cociente transportee oxigeno/char se obtenia una
concentracién de £gual a la de equilibrio. La concentracion de exig descendia con
valores del cociente inferiores a 130, lleganderalscon cocientes inferiores a 50. En
todos los experimentos realizados con char no setdela presencia de CO en los
gases de salida del reactor durante la combustiéluso cuando no habia,@n los
gases de salida. Este hecho sugiere que el CQalidezn los experimentos con carbén
y cocientes transportador de oxigeno/carbén imesi@ 50 provenia de los volatiles
inquemados, los cuales tienen un peor contacto etof®, generado en el lecho

fluidizado.

La Figura 3.21 muestra también la velocidad de g&id@n de oxigeno en funcién del
cociente masico entre el transportador de oxigenel ychar con particulas de
Cu60MgAl_SD diluidas al 2.5% en alumina. Se pueageovar una tendencia similar a
la obtenida con carbdn, aunque la velocidad maxdmaransferencia de oxigeno fue
menor que cuando se usO char. La mayor velocidadraesferencia de oxigeno
obtenida cuando se quemaba carbon podria ser &dpligor la reduccion directa del
CuO por los volatiles. En este caso, la reaccitsrsgtido entre los volatiles y el
transportador de oxigeno podria ser mas rapidalauelocidad de generacion de
oxigeno gaseoso. La velocidad de transferencixidgioo con carbén es mas cercana a
la que se tendrd en una unidad CLOU. No obstasteméxima velocidad de
transferencia de oxigeno usando char en el restho fluidizado discontinuo es la
maxima velocidad de generacion de oxigeno gasemspgpte de las particulas, siendo

ésta similar a la obtenida en la TGA. De este ma#oobtuvo una velocidad de

109



transferencia de oxigeno 2.6=1Kg Oy/s con carbén y 1.2- kg Oy/s con char, ambas
a 955°C los cuales pueden compararse con la vetbadd generaciéon de oxigeno de
1.57-10° kg OJ/s en la TGA a 1000°C y sin combustible.

Por otro lado, con los resultados obtenidos durntsombustion del char se puede
calcular su velocidad de combustion. La Figura 3rBdestra la velocidad de
combustion del char en funcion del cociente mésitee el transportador de oxigeno y
el char. La velocidad de combustion del char seementa al incrementarse el cociente
transportador de oxigeno/char hasta alcanzar ummé&on cocientes superiores a 100.
A cocientes menores la velocidad de combustidrcholi esta limitada por la velocidad
de suministro de oxigeno por parte del transportadi® oxigeno. A cocientes
transportador de oxigeno/char mayores a 100 laodisidad de oxigeno no esta
limitada por la reactividad del transportador ddgero. En consecuencia, todo el
oxigeno demandado para la combustion del char esnstrado a una velocidad
suficientemente alta por el transportador de oxigdPor tanto, la velocidad de
combustion esta fijada por la propia reactividaldctiar y por la concentracion de én

el reactor, la cual se encuentra determinada pargellibrio termodinamico de la
descomposicion del CuO a £u
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Figura 3.24.Velocidad de combustion de charI, ), para el transportador de oxigeno

Cu60MgAIl_SD en funcion del cociente masico entrgaisportador de oxigeno y el chs,= 955 °C.
Fraccion masica del transportador de oxigeno Cu@OMED en el reactor: 2.5%.

De los resultados obtenidos en este apartado s#eprencluir que es deseable una
pequefia cantidad de oxigeno en la corriente gaselassalida del reactor de reduccion

para conseguir combustion completa del carbongespandiente a la Region | en la
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Figura 3.23. De esta forma, se evita la necesigathstalar una etapa con un post-
guemador para completar la combustion de los gisaesalida. Es necesario mencionar
gue esto no significa que se convierta todo el @arlsino que la cantidad de

transportador de oxigeno es suficiente para aplataantidad de ©demandada a la

velocidad requerida. Hay que tener en cuenta goenditiendo de la reactividad del char
y del tiempo de residencia en el reactor de reduageina parte del char sera transferido
al reactor de oxidacion, lo cual afectara a lawaptie CQ. Este hecho se considerara

mas adelante en esta Tesis Doctoral.
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3.3 Demostracion del proceso en una planta en conti  nuo de 1.5 kW ; con

diferentes combustibles sélidos

El proceso CLOU presenta grandes ventajas paraomabustion de carbén con
transportadores de oxigeno, entre las que destaapasible combustion completa del
carbon con inventarios de soélidos reducidos, talogno se ha visto en la seccion
anterior. Debido a ello, en los Ultimos afios hastedo un importante interés en el
desarrollo de materiales con capacidad de generan@I reactor de reduccién, como
se muestra en la Tabla 1.8. Sin embargo, a diagetddavia hay pocos estudios del
proceso CLOU en continuo con combustibles séligasdos ellos han sido realizados

en la presente Tesis Doctoral.

En el apartado anterior se ha seleccionado unpiatasior de oxigeno basado en CuO
con excelentes cualidades para su uso en el praeStJ con combustibles solidos.
Este material presento alta resistencia a la agkwia, baja velocidad de atricion y
alta reactividad en la generacién de oxigeno. Gom teansportador de oxigeno se va a
demostrar la viabilidad del proceso en continugafdlo, se ha utilizado una planta en
continuo de 1.5 kW La unidad CLOU consta de dos reactores de lekhdiZado
interconectados (el reactor de reduccion y el cegal# oxidacion), con el transportador
de oxigeno circulando continuamente entre amboslle8é a cabo el estudio del
proceso CLOU con el transportador de oxigeno Cu@NVB®D con diferentes
carbones, asi como con biomasa. Ademas, se edtugi@sencia de compuestos de
azufre tanto en la corriente de £€apturada como en la del aire agotado, analiz&xdos

la posible emisién de productos contaminantes oeins@) a la atmdsfera.

3.3.1 Evaluacion preliminar de la capacidad para tr  ansferir oxigeno del

transportador de oxigeno en continuo

Antes de operar en continuo en la planta con alawgn de carbon, se estudio la
capacidad del transportador Cu60MgAIl_SD para teaivsbxigeno desde el reactor de
oxidacion hasta el reactor de reduccion duranteoparacibn en continuo sin

alimentacion de carboén (Articulo 1l). Se llevarogabo un total de 40 h de operacion a
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altas temperaturas, durante las cuales se andleféao de la temperatura del reactor
de reduccion, la velocidad de circulaciéon del solig la velocidad del gas de
fluidizacion en la velocidad de generaciéon de em@gy Ademas, se estudio el efecto de
la concentracion de oxigeno en el reactor de okdasobre la capacidad de
regeneracion del transportador de oxigeno en diehotor a diferentes temperaturas.
En este apartado se uso CO2 como gas de fluidizacicel reactor de reduccion, tal y
como ocurriria en un sistema CLOU industrial; vigguFa 1.18. Sin embargo, la mayor
parte de los experimentos realizados en esta Degitoral se llevaron a cabo usando
N2 como gas de fluidizacion en el reactor de reducpera poder evaluar la eficacia de
combustién y de captura de €@uando se alimenta un combustible sélido. Para
evaluar el efecto del gas de fluidizacion se réalia test usandoJ\en vez de C® No

se encontraron diferencias en la concentracion,de €n la velocidad de generacion de
O, cuando se usaban,d CQ, como gases de fluidizacion. Por lo tanto, los tasiols
descritos en secciones posteriores no estan afecpant realizar los experimentos con
N2 en vez de C®
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Figura 3.25.Concentracion de £&n los reactores de reducciom <}y oxidaciéon (A-) y variacién de la
conversion del sélido &) obtenidos en funcion de: (a) velocidad de cacidin de los sélidos; y (b)
velocidad del gas de fluidizacién en el reactoratiiccion. Concentracion de €n las condiciones del

equilibrio:- - -; Temperatura en el reactor de i@gion: -X-.

Las Figuras 3.25(a) y (b) muestran la concentrad@ en los reactores de reduccion
y oxidacion y la temperatura del reactor de reducdurante los periodos de estado
estacionario en funcién de la velocidad del gaselereactor de reduccion y de la
velocidad de circulacion de los sdlidos. También ngeestra la correspondiente
concentracion de Oen el equilibrio en el reactor de reduccion y &iacion de la
conversion del transportador de oxigemyo.
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Durante los experimentos se pudo observar quarggortador de oxigeno era capaz de
generar oxigeno en el reactor de reducaantodas las condiciones experimentales.
Ademas en todos los casos la concentracion dee€baba muy cercana a la
concentracion de equilibrio. En consecuencia, daiceion del transportador de oxigeno
era lo suficientemente rapida para alcanzar laslicmmes de equilibrio. Se puede
observar que al aumentar la velocidad de circutadite solidos disminuia la
concentracién de oxigeno en el reactor y, por fdatoonversion del transportador de
oxigeno. También, disminuye la temperatura deltogade reduccién, ya que se

recircula una mayor cantidad de soélidos a menopégatura.

Al aumentar la velocidad del gas en el reactor etkiecion, ver Figura 3.25(b), al
aumenta el flujo de Otransferido en el reactor de reduccién. Conseeunsnte, la
variacion de la conversion de los so6lidos tambigmenta. Este resultado muestra que
el transportador de oxigeno es capaz de libergeari en condiciones de equilibrio en
un amplio rango de conversiones del solido, esrd¢Xio = 0.05-0.82. Ademas,
también aumenta el oxigeno demandado por el traasjpp de oxigeno para su
regeneracion en el reactor de oxidacion, y consgeoente, disminuye la

concentracion de £&n el reactor de oxidacion.

Para maximizar el uso del aire en un sistema daeswiustrial, la concentracion de O
a la salida del reactor deberia ser cercana a llaeqiglibrio. Para simular las
condiciones de operacidn en un reactor indussellisminuyo la concentracion de O
a la entrada del reactor de oxidacion hasta obtealeres cercanos a los del equilibrio,
a dos temperaturas diferentes del reactor de dwittad®00 y 950°C. mayores
temperaturas en el reactor de oxidacion podrianidisr el uso del @en el reactor de
oxidacion. Es necesario indicar que la concentrad® Q en el reactor de oxidacion
debera ser mayor que la concentracién en equildoria temperatura del reactor. En
todos los casos, el transportador de oxigeno seepuegenerar en el reactor de
oxidacion y la concentracion de oxigeno medidaleraxtor de reduccién se mantuvo
muy proxima a la concentracion de equilibrio inolesiando la temperatura del reactor
de oxidacién era mayor que en el reactor de redncéisi, en un sistema CLOU no es
necesario trabajar a menores temperaturas en abrede oxidacion, lo cual seria
posible industrialmente debido a que la reaccioneémreactor de reduccion es

exotérmica.
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En las series experimentales llevadas a cabo @fafda en continuo sin carbén se
comprobaron tres caracteristicas del transportddooxigeno fundamentales para el
proceso CLOU: (1) era capaz de liberar oxigenoreaatraciones de equilibrio en el
reactor de reduccion a diferentes temperaturas;s€2yegeneraba en el reactor de
oxidacion con diferentes concentraciones de yOdiferentes temperaturas; y (3)
mostraba un buen comportamiento fluidodindmicofesimiencia a la aglomeracion.

3.3.2 Demostracion del proceso en una planta en con  tinuo de 1.5 kW ; con

carbon

En este apartado se describen los resultados dbtedurante la combustion de carbon
en una planta piloto compuesto de dos lechos Hadbs interconectados. Esta fue la
primera vez en la literatura que se llevd a cabpreteso CLOU en un sistema en
continuo, demostrandose la viabilidad del procels® para realizar la combustion de
carbén con captura de GOPosteriormente, el proceso CLOU se llevé a cato c
distintos combustibles sélidos, incluyendo carboeslistinto rango y biomasa. Esta
extensa campafia experimental fue fundamental pangrender el proceso CLOU, sus
ventajas y desventajas, su flexibilidad en funadéhcombustible y de las condiciones

de operacion, asi como sus posibles problemasapeates.

Para demostrar la viabilidad del proceso CLOU @it V) se realizaron 3 series
experimentales con el transportador de oxigeno Kg&0 SD usando como
combustible el carbén colombiano “El Cerrején” pratado (un bituminoso alto en
volatiles, ver Tabla 2.2). La Tabla 3.9 muestra weeopilacion de las principales
variables usadas en cada experimento. Las padicddaransportador de oxigeno se
usaron durante 30 horas con fluidizacibn a altapaFatura, de las cuales 18 h

corresponden a la combustion de carbon.
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Tabla 3.9.Datos de las principales variables usadas ernxjpsrienentos en la planta en continuo de 1.5
kW, para CLOU.

® A m, m, Potencia mrorr m*rO’RR Tpr (MiN)
() (kalh) (kgh) @ gmwy

CLOUOL 903 1.2 2.8 42 0.112 681 412 605 5.9
CLOU02 917 1.2 28 42 0112 681 412 605 5.9
CLOUO3 941 1.2 2.8 42 0112 681 373 547 5.3
CLOU04 960 1.2 2.8 42 0.112 681 393 577 5.6
CLOUO5 924 4.3 4.7 9.0 0.067 410 471 1150 3.1
CLOUO6 929 3.2 35 90 0.089 541 452 835 3.0
CLOUO7 917 2.6 2.8 9.0 0.112 681 412 605 2.7
CLOUO8 920 2.1 23 90 0.135 821 373 454 2.5
CLOUO9 925 1.1 1.2 9.0 0.256 1560 368 235 2.5
CLOU10 901 1.1 28 3.7 0.112 681 452 663 7.3
CLOU11 901 2.0 2.8 7.0 0.112 681 452 663 3.9
CLOU12 898 4.0 28 13.9 0.112 681 491 721 2.1

Durante las diferentes series experimentales sargarla temperatura del reactor de
reduccion (CLOUO01-CLOUO04), la velocidad de alimemda de carbon (CLOUOS-
CLOUO09) y la velocidad de circulacién de s6lidos Q)01 y CLOU10-CLOU12). El
estado estacionario para cada condicion de operaeitnantuvo al menos 60 minutos.
La planta en continuo de 1.5 k\Wie operada de forma estable sin graves problemas
operacionales durante la experimentacion. AdemBs;ambio de condiciones de
operacion se realizaba suavemente y se alcanzahseeb estado estacionario en un
corto periodo de tiempo. Durante las 30 horas derampon no se detectd ninguna
pérdida de fluidizacion ni problemas de aglomermaaon el transportador de oxigeno
utilizado, incluso cuando la temperatura del read® reduccion fue tan alta como
960°C.

Durante la combustion de carbdn en la unidad CLOWdrmlizaron los gases a la salida
de ambos reactores de forma continua. Como ejenipldiigura 3.26 muestra la
concentracién de los gases medidos en base secama@dn del tiempo de operacion
para la serie experimental CLOU01-CLOUO4, donddelaperatura del reactor de
reduccion se vario entre los 900 y los 960°C. Llacigad de circulacion de los sélidos
se mantuvo en un valor medio de 4.2 kg/h, con lor & la alimentacion de carbon de
0.11 kg/h, lo que corresponde a un ratio transgdortde oxigeno a combustiblg,de

1.2 calculado segun la Ecuacion 2.19.
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Figura 3.26.Evolucion de la composicion de los gases a ldaale los reactores de reduccion (RR) y
oxidacion (RO) para diferentes temperaturas detoeae reduccion. Experimentos CLOU01-CLOUO04.

M, = 4.2 kg/h;@ =1.2.

En la Figura 3.26 no se muestra el periodo de tatgento. Una vez alcanzadas las
condiciones de operacion deseadas, la alimentat@érarbon comenzo at = 17 min.
Después de comenzar a alimentar carb6n se obsemdrio periodo de transicion en el
que aumentaba la concentracion de, @D el reactor de reduccion y disminuia la
concentracion de £en el reactor de reduccién. Este hecho indicalwaiabustion del
carbon alimentado en el reactor de reduccion, masrmgue el transportador de oxigeno
reducido consumia £en el reactor de oxidacion al regenerarse. Unasgegicanzo el
estado estacionario, la concentracion de los gasesalida de los reactores, asi como
la temperatura, se mantuvo uniforme durante togebdo de combustion. Cuando se
variaba la temperatura del reactor de reduccionnueEvo estado estacionario se
alcanzaba en menos de 10 minutos, donde la cordbuativia a mantenerse estable.

En todos los casos, no se detectaron gases inqoernf@t, CO o B) a la salida del
reactor de reduccién. En algunos experimentos,nsdizéd la posible presencia de
alquitranes a la salida del reactor de reducci@mds un protocolo para la captura y
medida de los alquitranes [76], ver apartado 2.M&.se detectaron alquitranes ni
hidrocarburos pesados (>C5) a la salida del reaeteeduccion. Ademas, el analisis de
muestras de gas a la salida del reactor de redupcibcromatografia de gases mostro
la ausencia también de hidrocarburos ligeros (CR-€4r lo tanto, los compuestos
mayoritarios presentes a la salida del reactoedaacion fueron CQ H,O y O;, junto

al N, introducido como gas de fluidizacion. El uso depdrmite mejorar la evaluacion
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de los datos experimentales obtenidos sin afetfaroaeso de generacion de én el
reactor de reduccion. Debe resaltarse que adentdetesgtaron pequefias cantidades de
SO, y NOy a la salida del reactor de reduccion, pero enmstaento estos gases no se
evaluaron. Por lo tanto, los volatiles presentesl@arbon se convertian por completo a
CO, y H,O en el reactor de reducciéon mediante la reac@aret oxigeno liberado en la
descomposicion del CuO a £upresente en el transportador de oxigeno. Adelaas,
velocidad de generacion de oxigeno era lo sufiemehte elevada como para
suministrar un exceso de oxigeno gas) (Que salia del reactor junto a los gases de
combustion. Por otro lado, en el reactor de ox@ada concentracion de GQ O,

disminuia al aumentar la temperatura del reactoedeccion.

Las Figuras 3.27(a-f) muestran las concentracialee€Q y O, (en base seca) a la
salida de los reactores de reduccion y oxidacidiuecion de la temperatura del reactor
de reduccion, la velocidad de alimentacion de caxbda velocidad de circulacion de

los sélidos, segun las condiciones de operaciorratdss en la Tabla 3.9.
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Figura 3.27.Concentraciones de0, y O, a la salida de los reactores de reduccion y oidambtenidas

a diferentes: (a) y (b) temperatura del reactaedeccion; (c) y (d) velocidad de alimentacion debén;

y (e) y (f) velocidad de circulacion de sélidos.nCentracion de oxigeno en el equilibrio en el reade
reduccioén
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El efecto de la temperatura del reactor de redacsidre las concentraciones de,GO

O, se muestran en la Figura 3.27(a) y (b). Por up,l&hto la concentracion de, O
como de C@aumentan al aumentar la temperatura del reactoediecion. Se puede
observar que la concentracion de €a ligeramente inferior a la concentracion de
equilibrio, probablemente debido a la reaccién @glgas con particulas de char o
volatiles en la zona superior del reactor de redacreeboard. Por otro lado, la
concentraciéon de CCen el reactor de oxidacién disminuia al aumergaeinperatura
del reactor de reduccion, ver Figura 3.27(b). Bsteho indica que la cantidad de char
transferido al reactor de oxidacion disminuia cbrawmento de la temperatura del
reactor de reduccién porque aumentaba la veloaléacbombustion del char en él. Sin
embargo, la concentracion de, ®n el reactor de oxidacion también descendia al
aumentar la temperatura del reactor de reduccigte. lilecho es evidente si se considera

que al aumentar la temperatura se libera man@| reactor de reduccion.

Las Figuras 3.27(c-d) muestran el efecto de laciddml de alimentacion del carbén
sobre la concentracion de los diferentes gasegaise la alimentacion de carbon entre
67 y 256 g/h, lo que corresponde a una potencmicarentre 410 a 1560 MEn este
caso, se observo un importante aumento de la ctvacgm de CQ en el reactor de
reduccion al aumentar la velocidad de alimentaciéhcarbon, y la correspondiente
disminucion de la concentracion de €h el reactor de oxidacion debido al incremento
de la demanda de oxigeno por parte del carbon rilade. El transportador de oxigeno
muestra una velocidad de generacion de oxigenafioientemente alta para quemar
completamente el carbon en todos los casos y adger@sar un exceso de oxigeno
gaseoso en el reactor. Por lo tanto, la reactivideldtransportador de oxigeno no
limitaba la conversion del carbon. No obstante,observo la disminucion de la
concentracion de £en el reactor de reduccion al aumentar la veldctiiaalimentacion
de carbdn al sistema. A la mayor velocidad de alta@on de carbon, 256 g/h, algunas
particulas del transportador de oxigeno se elanalera del reactor de reduccion
debido a la gran cantidad de gases generados lechel del reactor. Sin embargo,
durante el corto periodo de tiempo de operaciéabéstdurante este test (alrededor de
15 min) se obtuvo conversién completa del carbd@Ca y H,O, sin la presencia de
gases inquemados y con un exceso del@ operacion a mayores velocidades de
alimentacion de carbon no era posible debido dutaeion de las particulas por la

expansion del gas. No obstante, esta limitacioageceria en un reactor industrial, en
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el que el réegimen de fluidizacién podria ser tugbtd. Aun asi, el transportador de

oxigeno Cu60MgAL_SD podria suministrar el oxigeemdndado por el carbén.

En la Ultima serie experimental, se estudio eltefele la velocidad de circulacion de
sélidos en el rendimiento del proceso; ver FigBas/ (e) y (f). La velocidad de
circulacion de solidos se varié entre 3.7 y 13.5kbp que correspondia a valores@e
ente 1.1 hasta 4.0. Por lo tanto, la velocidad idailacion de sdélidos se mantuvo
siempre por encima del flujo estequiométrico dédsél La temperatura del reactor de
reduccion se mantuvo en 900°C. La concentracio@@geen el reactor de reduccion
disminuyo ligeramente al aumentar la velocidad deulacion de solidos, con el
correspondiente aumento de la concentracion dg ébCel reactor de oxidacion. Este
hecho se debia a que al aumentar la velocidadrdélagion de soélidos disminuye el
tiempo de residencia de los sdlidos en el rea@aeduccion y por lo tanto se transfiere
mayor cantidad de char al reactor de oxidacionséldetectaron gases inquemados en
ninguno de los experimentos, incluso en el casardglor valor depusado (1.1), y en
todos los casos so6lo se observare@HCO, y O, en los gases producto a la salida del

reactor de reduccion.

Para evaluar el proceso se calcularon las eficalgasombustion y de captura de £O
segun las Ecuaciones (2.29) y (2.35). Las Figur28(8), (b) y (c) muestran la eficacia
de captura de CQla conversion del char y la eficacia de combuasén funcién de la
temperatura del reactor de reduccién, la velocidadalimentacion de carbon y la
velocidad de circulacion de solidos. También maeska variacion de la conversion de
los solidos. Se observd combustion completa ddddcala CQ y H,O en todos los

experimentos, es decii,,, rz=100%. Sin embargo, la conversion del char en el

reactor de reduccion determina la eficacia de capde CQ en el sistema CLOU, ya
gue el char que no se convierta en el reactor dieccgdn lo hard en el de oxidacion,
emitiendo CQ a la atmosfera.
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Figura 3.28.Eficacia de captura de GQ-®--), conversion de char (x--), eficacia de combustionk() y
variacion de la conversion del transportador dgend (X-) a diferentes: (a) temperaturas del reactor de
reduccion; (b) velocidad de alimentacién de carlyd) velocidad de circulacion de los sélidos.

Se puede observar que se obtuvieron altos valeresmtura de C£en todos los casos.
Es notable el efecto positivo que tiene la tempeaatlel reactor de reduccion en la
captura de C@ ver Figura 3.28(a). Asi, cuando la temperatutaehctor de reduccion
era de 960°C, el 99% del carbono en el carbon #ereda, es decir, solamente el 1%
del carbono entrante salia con los gases del redetoxidacion. La razon para esta alta
eficacia de captura de G@s la elevada conversién del char, por encime®dé# a
todas las temperaturas, la cual aumentaba comlpetatura. Este hecho sugiere una
rapida conversion del char en el reactor de redacgor la combustion directa con el
oxigeno gaseoso generado in-situ por el transpmrtate oxigeno, lo cual es
caracteristico del proceso CLOU.

La velocidad de alimentacion de carbon no teniafeato relevante sobre la eficacia de
captura de C@ ver Figura 3.28(b), dado que la velocidad deut@wion de los sélidos

y la temperatura se mantuvieron constantes. Adetoas) habia oxigeno en exceso en
el reactor de reduccion en todos los casos, la@ficdde captura de G@esultante para
las diferentes velocidades de alimentacion de carfmbvarié sustancialmente. Asi, en
las condiciones usadas en el sistema CLOU, el ogigenerado en el reactor de
reduccion no estaba limitado por la reactividadtowtsportador de oxigeno; es decir,
cuanto mas oxigeno se demandaba, mas oxigenoremaisgtado por el transportador
de oxigeno. Esto se puede apreciar en el aumenta dariacion de conversion del
sélido entre el 23 y el 90%, lo que indicaba qué&raesferia mas oxigeno entre ambos
reactores; ver Figura 3.28(b).
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Finalmente, la Figura 3.28(c) muestra que el inergm de la velocidad de circulacion
de sélidos causa un descenso de la conversiérhdeka el reactor de reduccion y por
lo tanto una reduccion de la eficacia de capturaC@e. Ademas, al aumentar la
velocidad de circulacion de los sélidos desciendasadamente la variacion de
conversion del transportador de oxigeno. El efeegativo que tiene la velocidad de
circulacion de solidos sobre la conversion del cleadebe a que disminuye el tiempo de
residencia de los sélidos en el reactor de redoc@dmo se muestra en la Tabla 3.9.
Los resultados mostraron que son necesarios maB0de de tiempo de residencia en el
reactor de reduccion para obtener conversioneshde superiores del 97% con este
carbon a 900°C. Hay que tener en cuenta que epdiaia residencia necesario para
convertir una cierta fraccién de char disminuyencisala temperatura del reactor de
reduccion aumenta, ya que aumenta la velocidadmuoleecsion del char. Asi, se obtuvo
una conversion de char del 99% a 960°C con un tedepresidencia de 470 s. Esta
tendencia encontrada es la opuesta a la observadarogesos CLC cuando el
combustible utilizado es gas [79, 80]. En ese cksofactores determinantes para la
conversion de un gas son la disponibilidad de axge la reactividad media de los

sélidos en el lecho, los cuales aumentan al aumkent¢arculacion de solidos [81].

La Tabla 3.10 muestra un resumen de los paramd¢rosndimientos (es decir, eficacia
de combustion, eficacia de captura de,GOconversion de char) obtenidos en los

experimentos mostrados en la Tabla 3.9.

Tabla 3.10.Principales resultados para los experimentoszagddis en la planta en continuo para CLOU
de 1.5 kWcon el carbon colombiano “El Cerrején”.

Experimento Colrifincl?s(ftligr?((e% ) Eflcacu'zl:gez g/i‘)p wrade  conversion de Char )
CLOU01 100 96.0 0.96
CLOU02 100 97.3 0.97
CLOUO03 100 99.1 0.99
CLOU04 100 99.3 0.99
CLOUO05 100 97.8 0.97
CLOU06 100 ) 0.98
CLOU07 100 97.8 0.97
CLOuU0s8 100 98.1 0.98
CLOU09 100 97.5 0.97
CLOU10 100 97.5 0.97
CLOU11 100 97.1 0.97
CLOU12 100 94.7 0.94
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La velocidad de generaciéon de oxigeno, definidaleerEcuacion (2.10), para el
transportador de oxigeno Cu60OMgAL_SD se calculdfertion de la velocidad de
alimentacion de carbén, la temperatura del reat#aeduccion y el flujo de circulacion
de solidos, ver Figura 3.29. Se encontré un ligefecto sobre la velocidad de
generacion de oxigeno cuando se variaba la tenoparatel flujo de circulacién de
sélidos, incluso a altas conversiones del solid®2)0 Por el contrario, se encontré que
el oxigeno transferido aumentaba proporcionalmahiacremento de la velocidad de
alimentacion del carbon, ver Figura 3.29. Hay qaesierar que la alimentacion de
carbon afecta al inventario de soélidos en el read® reduccion, calculado como
kg/MW;, como se puede ver en la Tabla 3.9. Asi, cuandmmnes la alimentacion de
carbon menor inventario de transportador de oxigedastia en el reactor. Aunque se
llegd a usar un inventario de sélidos bajo (233VRY#), no se alcanzo el valor maximo
de la velocidad de generaciéon de oxigeno detemiaads Apartado 3.2.2. Estos datos
confirman que se estaba operando dentro de la Régionde se obtiene conversién
completa del combustible y la velocidad de genérade oxigeno esta limitada por la

demanda de £por el combustible, ver Figura 3.23.
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Figura 3.29.Velocidad de generacion de oxigeno por el traiagor de oxigeno Cu60MgAI_SD e
inventario de transportador de oxigeno en el reatgaeduccion en funcion de la velocidad de
alimentacion de carbén. Temperatura: 925 °C.

La alta eficacia de combustion obtenida en el modcel. OU podria estar influenciada
por el buen contacto entre los volétiles procededét combustible solido y el oxigeno,
en forma de oxigeno gaseoso. Por tanto, este pr@&esas efectivo para oxidar los
compuestos volatiles que cuando la combustion dbonase realiza mediante la

gasificacionin-situ, iG-CLC [32]. En el proceso CLOU, el oxigeno es lgukr en la
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fase emulsion y debe mezclarse con los volatileeocen la combustion en lecho
fluidizado normal. Ademas, las altas eficacias agtuwra de C@se debian a la rapida

conversion del char en el reactor de reduccion.

En conclusion, estos satisfactorios resultados dstran que el proceso CLOU es
viable tecnol6gicamente para la combustion de carlmbteniéndose eficacias de
captura de C@cercanas al 100% y combustién completa del caab©6y y H,O.

3.3.3 Evaluacion del proceso en la combustion de ca  rbones de diferente

rango

En el apartado anterior se ha demostrado en unéapda continuo de 1.5 k\jue el
proceso CLOU es capaz de obtener una eficacia dbugiion del 100% junto a
eficacias de captura de g¢Q@ercanas a 100% usando el transportador de oxigeno
Cu60MgAl_SD. Cabe notar que el carbon utilizado fimecarbon bituminoso alto en
volatiles muy reactivo tras su pre-oxidacion. Rotanto, la elevada conversion del char
obtenida se debidé a su alta reactividad. No obstdat reactividad del char va a
depender del tipo de carbon, afectando a la codvedg! char en el proceso y por tanto
a la eficacia de captura de €@®or lo tanto, es necesario saber cuél es eloetpet
tiene el tipo de carbén en la eficacia de combasfi@e captura de GOPara ello se
investigd la combustién de 4 carbones de difereargo (un lignito, dos bituminosos y
una antracita) a diferentes temperaturas del redetoeduccion usando el transportador
de oxigeno Cu60MgAIl_SD en la unidad CLOU en cortide 1.5 kW (Articulo VI).

Se llevaron a cabo un total de 40 horas de operati@ temperatura del reactor de
reduccion se vario entre 900 y 950°C, mantenieadtemperatura en el reactor de
oxidacion y en efreeboarden 900°C. En la Tabla 3.11 se muestra un resumédasd
variables de operacion usadas para cada carbdrelbdeidad de circulacion de solidos
se mantuvo en un valor promedio de 3-4 kg/h. S Vawvelocidad de alimentacién de
carbon desde 0.08 hasta 0.13 kg/h en funcion dbboautilizado, manteniéndose el
ratio transportador de oxigeno a carb@ndefinido en la Ecuacion 2.29, entre 1y 1.2.

Cada condicion experimental se mantuvo establentkied menos 60 minutos.
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Tabla 3.11.Condiciones de operacion durante la combustiécad@ones de distinto rango por el proceso
CLOU en la planta en continuo de 1.5 kW

My (kg/h) Mg (ka/h) @() A() Potencia (W) Mrogr (kg/MW,)

Antracita 0.10 3.1 1.1 3.1 583 894
Bituminoso BV 0.10 3.7 1.0 | 2.7 805 709
Bituminoso MV 0.08 3.2 1.1 3.6 592 1003

Lignito 0.13 3.0 1.2 | 3.6 582 845

La Figura 3.30(a) muestra las eficacias de cominusticaptura de C{obtenidas para
los diferentes carbones en funcion de la tempexratiel reactor de reduccion. Se
encontré que para todas las condiciones de opergctdodos los carbones usados se
obtenian combustion completa del carbon g €®1,0. Al igual que en el caso de la
combustion del carbon colombiano “El Cerrején” ,némgun caso se detecté GHCO o

H. en los gases provenientes del reactor de reducdi@mpoco se detectaron
alquitranes ni hidrocarburos en la corriente dédaatlel reactor de reduccion. Los
anicos gases presentes fueron,CB,0 y O,, junto al N introducido como gas de
fluidizacion. Ademas, se detectaron pequefias adeslde SOy NOx a la salida del
reactor de reduccion, pero en este momento eswEssga se evaluaron. Hay que
resaltar que, al no detectarse inquemados, logilesl@generados en todos los tests y
con todos los carbones, se convertian completanae@& y H,O en el reactor de
reduccion por la reaccion con ep @enerado por el transportador de oxigeno. Por lo
tanto, igual que con el carbén colombiano, la vidid de generacion de oxigeno era lo
suficientemente alta como para suministrar un exas Q junto a los gases de
combustién. Ademas, la concentracién de oxigerensentraba cercana al equilibrio a

cada temperatura probada y con cada combustible.
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Figura 3.30.Efecto de la temperatura del reactor de reduqeéda varios carbones sobre: (a) eficacia de
combustién en el reactor de reduccién y eficaciaaggura de C®y (b) conversion del char.
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No obstante, el tipo de carbén afectaba a la eficde captura de GOLa eficacia de
captura de C@descendia en el siguiente orden: lignito > bitwwetmedio en volatiles

> bituminoso bajo en volatiles > antracita. Pardotolos carbones, la eficacia de
captura de CQaumentaba al aumentar la temperatura del reaetoedliccion, siendo
este efecto mas relevante para los carbones concbajenido en volatiles como la
antracita y el carbén bituminoso bajo en volatis.obtuvieron eficacias de captura de
CO, similares para el lignito y el carbon bituminosedio en volatiles a temperaturas
superiores a los 940°C. En estos casos, la efidactaptura de CQestaba por encima
del 99%, pero se obtuvieron valores inferiores ghi@aso del carbon bituminoso bajo
en volatiles (90%) y de la antracita (83%).

Las eficacias de captura de £dependen de la cantidad de carbono que se tnanafie
reactor de oxidacion desde el reactor de reduc€omo todo el carbono presente en
los volatiles se captura (se convierten por cornpdeCQ y H;0), la captura de CO
depende del char inquemado en el reactor de redyoces decir, de la conversion de
char, la cual depende de la temperatura del redetoeduccion y de la velocidad de
circulacion de los sélidos, como se vio en el auirt3.3.2. No obstante, en este estudio
se mantuvo constante la velocidad de recirculadgsdlidos en el sistema. La Figura
3.30(b) muestra la conversién de char en funcioriadeemperatura del reactor de
reduccion para los diferentes carbones. Se encontriendencias similares a las
encontradas para el caso de la eficacia de capwir&€Q. La conversién de char
aumentaba cuando aumentaba la temperatura debretetreduccion para todos los

carbones, y este incremento era mas relevantdgsacarbones de bajo rango.

Por tanto, puede concluirse que el rango del camugsiraba un importante efecto sobre
la eficacia de captura de GQAdemas, si se desea aumentar la captura dedélD
proceso para carbones poco reactivos podria impl@mse uncarbon stripper Esta
unidad es un sistema de recuperacion del char inagde para recircularlo al reactor de
reduccion. Este sistema es similar al propuestdQaar y Pan para el procegs-CLC
[29]. La necesidad de urcarbon stripper en el proceso CLOU dependera
principalmente de la reactividad del carbén utdz&n la combustion.
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3.3.4 Combustién de biomasa

La biomasa tiene unas propiedades muy interesankedora de su utilizacion como
combustible en el proceso CLOU. Por una partes gnplementa un sistema de captura
de CQ con combustién de biomasa, el balance global dmna en la atmdésfera seria
negativo, ya que el diéxido de carbono capturad@arda la combustion habria sido
previamente retirado de la atmosfera por partededmasa. Por lo tanto, seria posible
obtener emisiones negativas de,GOla atmosfera. Hasta el trabajo realizado en esta
Tesis Doctoral, se habian realizado unos pocosdiestuusando biomasa como
combustible en procesd§&-CLC [82-84] pero ninguno usando el proceso CLOU.
Ademas, otra caracteristica de la biomasa es@wea@itenido en volatiles, lo cual puede
suponer un comportamiento muy diferente a los cebo o al comportamiento
obtenido en el proces&-CLC [83]. En el procest5-CLC, la eficacia de combustion
con biomasa [83] es menor que la obtenida con cetifloude carbon, debido a su alto

contenido en volatiles y al mal contacto de éstwseat transportador de oxigeno.

Para investigar la combustién de biomasa por aelgam CLOU, se han llevado a cabo
diferentes experimentos en la planta en continmds el transportador de oxigeno
Cu60MgAl_SD y biomasa de pino como combustible iGhto VII). Durante los
experimentos se estudio el efecto de la temperaleiraeactor de reduccion sobre las
eficacias de combustién y de captura de.(32 llevaron a cabo un total de 10 horas de
operacion. La temperatura del reactor de reduce@nvarido entre 860 y 935°C,
manteniendo la temperatura en el reactor de oxidaai 900°C. La velocidad de
circulacion de sélidos se mantuvo en un valor padimele 4.1 kg/h, mientras que la
velocidad de alimentacién de biomasa era de 0.22 kgrrespondiente a una potencia
térmica de 1.2 kW El inventario de solidos en el reactor de redut@se mantuvo
constante en 565 kg/MVén todos los experimentos. El ratio transporta@ooxigeno a
carbon, ¢, segun Ecuacion 2.19, se fij6 en alrededor de Dirante el periodo

experimental se analizaron los gases a la salidant®s reactores de forma continua.

La Figura 3.31 muestra la concentracion de losgyasslidos en base seca en funcion

del tiempo de operacién cuando la temperatura eattor de reduccion se fue
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incrementando desde 860 hasta 935°C. En estadoioestdo, la temperatura se

mantuvo constante durante al menos 120 minutosgaalia condicion experimental.
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Figura 3.31.Evolucién de la composicién de los gases de lastoees de reduccion y oxidacion cuando
se variaba la temperatura del reactor de reducdiin. = 0.22 kg / h. Combustible: biomasa de pino.

Para el experimento llevado a cabo a la menor teahpa en el reactor de reduccion,
860°C, no se detectaron ni €hi H, pero si CO en los gases de salida del reactor de
reduccion, y ademas la concentracion de oxigen@esmna a 0. Hay que considerar
que el CO ha sido referido como producto princigatante la desvolatilizacion de
astillas de pino [85]. Ademas se tomaron muestidifeeentes temperaturas de acuerdo
con el protocolo de medida de alquitranes [76], &partado 2.4.5. Se detectaron
alquitranes en un concentracién de 0.31 g/Nbase seca). La composicién de los
alquitranes medidos fue naftaleno (61.7%), fenaotre3.1%), acenaftileno (12.5%),
indeno (7.2%) y estireno (5.5%).

La presencia de inquemados (CO vy alquitranes) eorliéente de salida del reactor de
reduccion en la combustidon de biomasa se debebajtatemperatura de operacion
empleada en el reactor de reduccién. Tal y comasgeraba por la termodinamica de la
reaccion de generacién de for el transportador de oxigeno, el oxigeno gelwers
permitia quemar los volatiles completamente. A 860la concentracion de,@n el
equilibrio es 0.5%. Ademas, a esta temperatureelacidad de generacion de Qel
transportador de oxigeno es extremadamente bajapaetado 4.1. Por lo tanto, a bajas
temperaturas podria ser mas relevante el mecaniemeaccion gas-solido entre los
volatiles y el transportador de oxigeno de formmilar al procesoiG-CLC. Por

ejemplo, la combustion de biomasa en el prod&&LC usando un transportador
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basado en hierro, es dgmprr= 80% a 880°C con 1550 kg/MWB3]. Sin embargo,
para el material usado durante esta Tesis Doderabtuvo umgomp rr= 82% pero con
un inventario de so6lidos mucho menor (565 kg/MW que resalta la alta reactividad
del transportador de oxigeno Cu60MgAl_SD.

Ademas, en estas condiciones de operaciéon, sefar@ngran cantidad de char
inquemado al reactor de oxidacion junto al transplmr de oxigeno. Asi que aparecia
una cantidad importante de €@omo producto de combustidon en los gases de salida
del reactor de oxidacién. Por lo tanto, esta teatpeast no era adecuada para operar en
el proceso CLOU.

Cuando la temperatura del reactor de reduccionj&eaf900°C, la cantidad de,O
generado aumento y no se detectaron, @D o H en los gases a la salida del reactor
de reduccion. Tampoco se detectaron ni alquitrankeglrocarburos ligeros en los gases
de combustion. Por lo tanto, los Unicos gases téetes fueron Cg H,O y O, junto al

N2 introducido como gas de fluidizacion. Resultadoslares se obtuvieron a mayores
temperaturas. La Figura 3.32(a) muestra las efisade combustion y eficacia de
captura de C@obtenidas en la planta en continuo en funcidbnadeeinperatura del
reactor de reduccion. Como se ha comentado, pamaetaturas inferiores a 900°C, la
eficacia de combustion era baja con presencia dg &lQuitranes en los gases de salida
del reactor de reduccién. Para temperaturas supsria 900°C en el reactor de

reduccion, se obtuvo combustién completa de la &gana C@y H,O.
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La eficacia de captura de G@ndica la fraccion de carbono transferido al reacke
oxidacion, donde se genera £@ capturado. En la Figura 3.32(a) se puede oaserv
que la eficacia de captura aumenta con la temparatel reactor de reduccion,
alcanzandose el 100% de captura a 935°C. Como dbdarbono contenido en los
volatiles se captura en el reactor de reducci@eatompletamente quemados a,§O
H,O, la eficacia de captura de €0Onicamente depende del char no convertido en el
reactor de reduccion. La Figura 3.32(b) muestm@otasersion de char en funcion de la
temperatura del reactor de reduccion. A la menop&atura, solamente se alcanzaba
una conversion del char del 29 % en el reactor ediacion. No obstante, a esa
temperatura se obtenia una eficacia de capturaC@gldel 80% debido a la alta
cantidad de volatiles que contiene la biomasa. édnbargo, la conversion de char
aumentaba cuando aumentaba la temperatura deloredet reduccion debido al
aumento de la velocidad de conversién del chare Esportante aumento en la
conversion del char es atribuido a un cambio deamiemo. A la menor temperatura,
860°C, la disponibilidad de oxigeno gaseoso es Yod&gaconversion del char debe ser
principalmente mediante gasificacion. No obstaatelas condiciones utilizadas (en las
gue se usd Ncomo gas de fluidizacion) la reaccion de gasifimraalel char es lenta
debido a la baja concentracion deCHy CQ, presente en el reactor de reducciéon. A
temperaturas mayores, la conversion del char beger elevada, e incluso completa a
935 °C, debido a la rapida generacion de@ parte del transportador de oxigeno. Por

lo tanto, este intervalo de temperaturas se corssatiecuado para el proceso CLOU.

Como conclusion de la combustion de biomasa mesli@nproceso CLOU, se puede
decir que se requieren temperaturas superiores 80@°C en el reactor de reduccién
para obtener los beneficios del efecto CLOU, y emsecuencia no obtener productos
inquemados en los gases de combustién del reaetoediiccion. A 935°C se logré
tener combustion completa de la biomasa junto aeficacia de captura de G@el
100%.
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3.4 Estudio del efecto del azufre del combustible

El azufre presente en un combustible sélido, tael@el carbdn, puede aparecer en las
corrientes gaseosas procedentes de un proceso CLQRJproblemas que puede
generar y las soluciones a tomar dependeran deedsandncuentren los compuestos de
azufre. Desde el punto de vista de la captura de, @Dazufre presente en el
combustible puede emitirse en el reactor de redaccjue es donde mayoritariamente
se convierte el combustible afectando a la calidatt CQ y con importantes
consecuencias para su compresion, transporte \caframiento [12, 86, 87]. Desde el
punto de vista medioambiental, el azufre alimentado el combustible al sistema
puede ser liberado como £@ la atmdsfera junto a la corriente de gases litasdel
reactor de oxidacion y por lo tanto se debera cungph la legislacion existente en

materia de emisiones contaminantes.

Desde el punto de vista operacional, los compuesa@zufre podrian reaccionar con el
transportador de oxigeno, los cuales pueden retuci#ractividad del transportador de
oxigeno y generar problemas operacionales. Porpéjerel oxido de cobre podria
reaccionar formando sulfuros los cuales presentadmajo punto de fusion, por ejemplo
1100°C para el G&, lo que podria producir problemas de aglomeragicafectar
negativamente a la circulacion de los sdlidos erdmebos lechos fluidizados

interconectados.

Sélo existen un pequefio numero de estudios andbzast efecto del S sobre
transportadores de oxigeno basados en CuO en glantacontinuo de CLC (con
combustion de gases), bajo diferentes condiciome®pkracion. Forero y col. [88]
estudiaron el efecto del S en la combustion dengagal en el proceso CLC usando un
transportador de oxigeno basado en CuO, con coaceantes de b§ hasta 1300 ppm.
Se encontré que la mayor parte del S en el contibeste liberaba como $@n la
corriente de salida del reactor de reduccién emicmnes normales de operacion. No
se detecto la formacion de £u0 CuSQ en el reactor de reduccion incluso cuando
habia un alto grado de reduccion a Cu. Sin embangtyso en las condiciones mas

favorables para la formacion de fSSues decir, casi total reduccion del CuO a Ciseno
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detectaron problemas de aglomeracion en los lefihmbzados. Recientemente, de
Diego y col. [89] investigaron la combustion deegason altas concentraciones d&H
(sour gas) entre 0.3 y 15% con transportadores al@ec encontrando que el
transportador de oxigeno era capaz de quemar ctammate tanto el CHcomo el
H.S. EI S se encontraba mayoritariamente comg 80a salida del reactor de
reduccion, aunque se desprendian diferentes cdatidde S@ en el reactor de
oxidacion que disminuian al aumentar la relaci@ndportador/combustiblé), En este
estudio, debido a la elevada concentracion gf&, e formaba G& que generaba SO
en el reactor de oxidacién, no pudiéndose conseguisiones de SQnferiores a los

limites de la UE para grandes centrales térmicak [9

Para la combustion de carbdn, no se encontré niegtudio disponible en la literatura
sobre el efecto del S en el rendimiento del prodge®@U con transportadores de
oxigeno basados en 6xido de cobre. Por lo tantoorssiderd necesario desarrollar este
estudio sobre el efecto del S presente en el carbluen el comportamiento del
transportador de oxigeno y su distribucion en etesia CLOU, asi como para
comprender las consecuencias reales en el prodeSt @el uso de un combustible

con contenidos importantes en azufre.

Para investigar el efecto del azufre en el procgs®U, se han llevado a cabo
diferentes experimentos en la planta en continu€ldeU usando el transportador de
oxigeno Cu60MgAIl_SD (Articulo VIII). Como combudgbse utilizdé un lignito con
alto contenido en azufre (5.2%, ver Tabla 2.2).dbte los experimentos se estudio el
efecto de la temperatura del reactor de reduc@bresla distribucion del azufre en el
sistema. Se llevaron a cabo un total de 15 horaspaeacion. La temperatura del
reactor de reduccién se varié entre 900 y 935°tenéendo la temperatura en el
reactor de oxidacion en 900°C. La velocidad deutagion de sélidos se mantuvo en un
valor promedio de 3 kg/h, mientras que la velocidadalimentacion de carbon era de
0.12 kg/h, correspondiente a un ratio transportagooxigeno a carbo, de 1.2. Se
analizaron en continuo los gases a la salida deelnxgores tanto para los productos de
combustion (Ch, CO, H, CO,) como las distintas formas de azufre$HSQ, COS,

etc.)
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El analisis sobre las eficacias de combustion ycdptura de C® usando este
combustible se ha mostrado en el Apartado 3.3.8.gda recordar que durante las 15 h
de operacion se obtuvo la combustion completa dddén, por lo tanto, los Unicos
productos de la combustion fueron £ H,O, junto con @ procedente del
transportador de oxigeno y ab Mtroducido como gas de fluidizacion. En cuanto al
azufre, se detect SQ@ la salida del reactor de reduccion y del readtooxidacion. No
se detecto ni B, ni COS en ningln experimento.

Por otro lado, la eficacia de captura de,@mentaba al aumentar la temperatura del
reactor de reduccién, debido al aumento de la idddade combustion del char y por lo
tanto menos char sin convertir se transferia altoeale oxidacion. Por lo tanto, es de
esperar que la variacion de la conversion de char la temperatura afecte a la
distribucion del azufre entre los dos reactoresFigaura 3.33 muestra la distribucion
del S a la salida de ambos reactores en funciota demperatura del reactor de
reduccion. Se puede observar que el azufre esdenitincipalmente como S@n la
corriente de salida reactor de reduccion y aumahtaumentar la temperatura del
reactor de reduccion, con la correspondiente disomdm del SQ en el reactor de
oxidacion. Este efecto se debia al aumento de naecsion de char en el reactor de
reduccion con el consiguiente aumento del azufrevextido en dicho reactor y la
disminucién del azufre transferido al reactor delagion.
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La Figura 3.34 muestra las emisiones de, 80a salida del reactor de oxidacion
normalizadas con un 6% de @n funcién de la temperatura del reactor de redacc
También se muestra el limite de emision de &puesto por la UE para nuevas plantas
de energia eléctrica por combustion de carbon (M0OQ) [90]. Se puede observar que
las emisiones de S(procedentes del reactor de oxidacion disminuiaauaientar la
temperatura, como se ha comentado anteriormentequiula cantidad de $S@ la
salida del reactor de oxidacion era inferior al 16@b S total alimentado a 935°C, el
valor de la emision de S@ra demasiado alto y excedia el limite legal éstadp de
200 mg/Nmi. Resaltar que la combustién directa de este cazbdraire produciria una
emisién de S@a la atmosfera >20000 mg/Nmdebido al alto contenido de azufre.

Otros carbones con menores contenidos podrian auogplimites de emision.

Por medio de los valores de conversion del charndosecn el reactor de reduccion, se
puede calcular el S emitido como $Séh el reactor de oxidacion suponiendo un ratio
S/C constante durante la combustion e igual allarddisis del char naciente. La Figura
3.34 muestra las emisiones de ;S€alculadas correspondientes en el reactor de
oxidacion. Como se puede observar, las emisione§@ecalculadas son mucho
menores que las medidas. Este hecho podria sefodaluios efectos diferentes: (i) que
el S estuviera mas concentrado respecto a la fmrackd carbono en el char inquemado y
transferido al reactor de oxidacion; (ii) o quetransportador de oxigeno transfiriera

parte del S al reactor de oxidacion por reaccidrsdmn el mismo.
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Para analizar si se concentraba el azufre en €| shdlevo a cabo un detallado estudio
de la liberacion del S durante la combustion dar @n lecho fluidizado. Para ello se
cargaron 20 g de carbon en un lecho de arena coeamanio de particula de +0.2-0.3
mm y se calentdé usandg, Momo gas de fluidizacién hasta los 925°C. Postagate,

se realizé la combustién del char a 925°C condiioédo (2.5% Q). Se usé esta baja
concentracion de £para simular las condiciones de operaciéon detoeae reduccion
en el proceso CLOU. Todos los productos gaseososgidaron completamente en un
post-combustor corriente abajo del reactor y seiemud de forma continua las
concentraciones de $Q@ CGQ;, en el gas. La Figura 3.35 muestra la evoluciéade
concentracion de COy SO en el flujo de salida del reactor de lecho fluadia

discontinuo durante la pirdlisis y la posterior drstion del char.

5 3000
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Figura 3.35.Concentracion de las especies gaseosas d€-LYSO, (- - ) en el flujo de salida del
reactor de lecho fluidizado discontinuo. CalentaraeN,. Combustion: 2.5% £en N.

El balance masico al flujo de gases de salida éndige el 43% del S salia en la
desvolatilizacién y el 57% durante la combustiéh clear. Por un lado, se puede
observar que el S y el C en los volatiles evoluaioa la misma velocidad durante la
desvolatilizacion del carbon. Sin embargo, losifesride C y S eran diferentes durante
la combustién del char. Durante la combustién Hekcla velocidad de generacion de
SO, alcanzaba su maximo cuando casi todo el C del sharabia quemado. Como
consecuencia de ello, el ratio S/C en el char atabarpor un factor de 10 con respecto
al medido en el analisis del char naciente. Estepootamiento podria ser explicado

como resultado del alto contenido en azufre p@ri(R%) presente en este lignito. En un
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ambiente de baja concentracion dg €mo es el caso del proceso CLOU, existe una
competicion por el oxigeno entre el C y el azufmégtipo. Como consecuencia, se
favorece la combustion del C sobre la oxidaciéadarita [91]. Este hecho concuerda
con el analisis realizado a los finos recogido®daliferentes filtros de la planta, donde
se observo que el ratio S/C cambiaba desde 0.@G89 @falizado) hasta 1 en el char
inguemado que salia del reactor de reduccion, debid presencia de S piritico. Estos
resultados muestran que el S piritico presentel eombustible puede afectar a las
emisiones de azufre del reactor de oxidacion sist#gma CLOU. Asi, el ratio S/C en el
char transferido al reactor de oxidacion era mayge el correspondiente al analisis

elemental del char, y la emisién de S en el reat#arxidacion era mayor a lo esperado.

Con estos resultados, se puede realizar un baknaeufre considerando todas las
fracciones (sélidas y gaseosas) que salen delmsEist€LOU. Estos resultados se
muestran en la Figura 3.36. La mayor emision deo@igne de la corriente de salida del
reactor de reduccion en forma de,S@l balance de S en las corrientes gaseosas de
salida de los reactores de reduccién y oxidaciGos@sponde con el 50-55% del total.
Entre el 8 y el 11% del total de azufre alimentadtaba en forma de S piritico
inquemado. Ademas, se conoce que la presencia @ee@alas cenizas del lignito
permite la auto-retencién de S durante la combhustitravés de la formacion de CaSO
[92]. Por ello, en la Figura 3.36 también se hasm®rado el S retenido por las cenizas
por auto-retencion. Teniendo en cuenta el azufrarebas fases, solida y gaseosa, el

balance de S cierra aproximadamente al 80%.

Un posible destino del resto el S podria ser sunatacion en las particulas del

transportador de oxigeno. Por lo tanto, se extrajemuestras de particulas de
transportador de oxigeno tanto del reactor de m@dlmoccomo del de oxidacion y se
analizaron en busca de compuestos de azufre por KREM-EDX. En estos analisis

no se detectd ningin compuesto de azufre en ldgydas de transportador de oxigeno
analizadas. Ademas, se analizo la reactividad glpdgticulas en la TGA obteniéndose
que el transportador de oxigeno no habia perdidctivédad, lo que indica que no se

habia formado ningn compuesto de azufre asociaddo@.
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Distribucion S (%)

910 925 935

Temperatura RR (°C)

Figura 3.36.Distribucion del S en la planta en continuo pagareceso cLoUM : Gas a la salida del

reactor de reduccién,- - reactor de oxidacll: pirBico en las cenizall .: auto-retencién por las
cenizas.

Finalmente la Tabla 3.12 resume los resultadosatiie respecto a emisiones de;$0

la atmosfera (aire empobrecido) y en la corrierdeQf} destinada a transporte y
almacenamiento obtenidos en esta seccion a 9159Ca Habla 3.12 también se
muestra el limite de emisiones de ,S@puesto por la UE para nuevas plantas de
combustién con una potencia igual o mayor a 300 [W. Respecto a la corriente de
CO,, Pipitone y Bollard [93] dieron algunos ejemplaes lds especificaciones sobre la
calidad del CQ actualmente en vigor para su transporte y almaciemso. A dia de
hoy, el proyecto Dynamis marca una primera direcobre la calidad de la corriente de
CO, destinada a transporte y almacenamiento [12].

Tabla 3.12:Concentraciones de $S@edidas a la salida de los reactores de redugaciéadacion a

915°C.
Aire empobrecidd' Corriente de CO,
Limite 200 (mg/NnT) 100pp
CLOU 1580 (mg/Nm)? 32000 ppm
"Normalizado al 6% de O *Dynamis

?_imite legal UE

Respecto a las emisiones de,%(0a atmdsfera, se puede ver en la Tabla 3.12lague
emisiones con este carbén son superiores al liettd de la UE (200 mg/N#h como

ya se ha comentado en esta seccion. También se pbsdrvar en esta Tabla 3.12 que
hay un exceso de $S@n la corriente de salida del reactor de reducctnparada con
la concentracion recomendada para un transpoiteacanamiento seguro. Por lo tanto

es necesario purificar ambas corrientes gaseogsasreducir la cantidad de $Q
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cumplir con ambos requisitos. Para disminuir latidad de S@ presente en las
corrientes de salida de ambos reactores, exisferedies técnicas industriales. En el
caso del S@presente en el reactor de oxidacion la cantidadstie se podria reducir
con la instalacion de ucarbon stripperentre ambos reactores, ya que al transferirse
menos char inquemado al reactor de oxidacion exrasle que se redujera la cantidad
de SQ emitido desde dicho reactor [63]. Por otro ladarapdisminuir la cantidad de
SO, en la corriente gaseosa de salida tanto en elorede reduccién como en el de
oxidacion, se podria usar un proceso industrialddsulfuracion de gases por via
hameda con CaCQOLa ventaja de la desulfuracion por via hUumedéaerorriente de
CO, previa al transporte (proveniente del reactoratdkiccion) es la alta concentracion
del SQ en el gas y el menor volumen de gases a tratpects a la combustion

convencional, ya que se ha eliminado gEN la corriente de Capturado.
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3.5 Caracterizacion del transportador de oxigeno

El uso del transportador de oxigeno a alta temperata presencia de azufre en el
combustible y de cenizas son factores que puedtaaf@ las propiedades del material.
Por ello, se realizé un analisis de las propiedaeésransportador de oxigeno tanto en
la serie de experimentos sin combustible (Secci8riBcomo después de haber usado
diferentes carbones (Seccion 3.3.3). En ambos chsosesultados obtenidos fueron
similares. Los resultados obtenidos para las pgagcras los experimentos sin carbén
se muestran en el Articulo Il. La Tabla 3.13 muwekis propiedades mas relevantes de

las particulas usadas del transportador de oxigemparadas con las particulas frescas.

Tabla 3.13.Propiedades de las particulas del transportadokideno CU60MgAI_SD tanto frescas
como usadas.

Frescas Usada$8

Contenido en CuO (%) 60 60
Capacidad de transporte de oxigeRes; (%) 6 6
Velocidad de transferencia de oxigeno (kgsGxg TO)x10 1.66 1.70
Resistencia mecanica (N) 2.4 0.7
Densidad de particula (kgfin 3860 2815
Porosidad (%) 16.1 40.3
Area superficial especifica, BET {fy) <0.5 0.73
Fases principales, XRD CuO, MgALO, | CuO, MgAl,O,

a: 40 h en la planta en continuo para el proces0\CL

Se determiné el contenido de Cu en todas las naseptr reduccion completa en la
TGA usando una corriente gaseosa con el 15% da 860°C. En todos los casos -
particulas frescas y usadas- el contenido en Ca@dl60%. Ademas, se determin6 en
la TGA la reactividad de las muestras tomadas 4@ de operacién a 1000°C,
(descomposicion en Ny oxidacion en aire). La Figura 3.37 muestra lasvas
conversion vs. tiempo obtenidas para las reaccialeega) descomposicion y (b)
oxidacion para las muestras tanto frescas comoaas&® puede observar claramente
gue se mantiene la reactividad inicial en las paldé usadas tanto para la reduccién
como para la oxidacion. Este hecho justifica que cambiara ni la eficacia de
combustién ni de captura de g@Qurante las 40h de operacion quemando los difesent

tipos de carbones en la planta en continuo.
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Figura 3.37.Curvas conversion vs. tiempo para las reaccioada)dreduccion y (b) oxidacién, para las
particulas tanto frescas como usadas en la plartarginuo con y sin carbén y tras 15h con lignito.
Reduccion en Ny oxidacion en aire a 1000°C en la TGA.

La Figura 3.37 también muestra la reactividad deiqudas del transportador de
oxigeno Cu60MgAl_SD después de 15 h de operaciéroetinuo con un lignito con
alto contenido en azufre. Se puede ver que las trageasadas exhiben la misma
reactividad durante la reduccion y la oxidaciénemds, la capacidad de transporte de
oxigeno no se vi6 afectada. Por lo tanto, la ateentracion de azufre durante las 15h

de operacion no afecto a la reactividad del traragor de oxigeno.

El analisis por XRD no reveld ninglin cambio sustanentre las fases presentes en las
particulas usadas respecto a las frescas, sieadwiteipales fases cristalinas CuO y
MgAI,O,4. En muestras reducidas a la salida del reactoedieccion no se encontré Cu
metdlico, incluso en los experimentos en los quealdacion de conversién de los

sélidos era cercana a 1, y solo se enconte®@GUMgAILO,.

Se midieron valores de area superficial BET mupd@ara todas las particulas, tanto
frescas como usadas, con un valor alrededor denfigs Sin embargo, las particulas
frescas tenian una porosidad baja (16.1%), lasguaicrement6 hasta el 40.3% después

de 40 h de operacion en la planta en continuo.

Ademas, se encontr6 una importante reduccion deedsstencia mecanica de las
particulas al aumentar el tiempo de operacién nalbadose valores inferiores a 1 N
después de las 40 h de operacion en continuo.duecesdn de la resistencia mecanica

de las particulas estaba relacionada con el ineriende la porosidad al aumentar el
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tiempo de operacion en la planta; ver la Figur&.3S encontré un comportamiento
similar respecto a la porosidad y resistencia meaéde las particulas usadas en el
reactor de lecho fluidizado discontinuo (Apartadb.82).

Tiempo de operacion (h)

18 25 40
4 —t f

Resistencia Mecanica (N)
N

O T T T
20 30 40 50

Porosidad (%)

Figura 3.38.Resistencia mecéanica en funcion de la porosideallpa particulas de Cu60MgAl_SD)(
usada en la planta en continuo para el proceso Cy.) usada en el reactor de lecho fluidizado
discontinuo. También se muestra el tiempo de oeran la planta en continuo.

La Figura 3.39 (derecha) muestra imagenes SEMdlpddiculas usadas extraidas del
reactor de oxidacion tras 40 h de operacion enalatg en continuo. Los analisis EDX
mostraban que el Cu seguia distribuido uniformementel interior de las particulas, y
no habia sufrido cambios durante las 40 h de ojderamn continuo. Sin embargo, si
que se encontro un importante numero de partittdgmentadas. Hay que sefalar que
las particulas usadas en la Figura 3.39 (d), ncstrareningun signo de aglomeracion,
incluso después de 15 h de operacion en continadtaatemperatura y con un
combustible con alto contenido en azufre.

No obstante, este hecho no invalida los buenodtades obtenidos respecto a las

eficacias de combustion y de captura de, @@ el proceso CLOU para la combustion
de carb6n o biomasa con captura de.CO
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Figura 3.39.Imagenes SEM de particulas frescas (izquierdapgas (derecha) después de 40h de
operacion en la planta en continuo para el pro€&$U: (a, d) imagen general de las particulase)b,
imagenes de la seccion transversal de las padidqala) imagen y perfil EDX de Cu en la seccién
transversal de una particula.
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3.6 Comparacion entre los procesos CLOU  yiG-CLC

Como se ha comentado en el Capitulo 1, a dia deekisfen dos procesos diferentes
basados en la tecnologia CLC para la combustiG@ad®n:iG-CLC y CLOU. Ambos
procesos tienen sus ventajas y sus desventajaeiaeie cuenta; ver secciones 1.4.2 y
1.5. Por lo tanto, el objetivo de esta secciOneadizar una comparacion de ambos
procesos basada en los resultados experimentalesnidds con los mismos
combustibles sélidos mediante experimentos de cefifiourealizados en la misma
planta en continuo y obtenidos de la literaturaapdrG-CLC [31, 83] y de esta Tesis
Doctoral para el proceso CLOU (Articulo IX).

En los experimentos realizados para el procéSeCLC se utilizaron como
transportadores de oxigeno ilmenita [31] en la agstibn de carbones y un mineral de
hierro [83] para la combustion de biomasa. En sbodel proceso CLOU se uso el
transportador de oxigeno Cu60MgAl_SD con todos dosibustibles. Debido a las
caracteristicas especificas de cada proceso, senudiderentes inventarios de soélidos
en el reactor de reduccion, alrededor de 1500 kg/Bhél procesdG-CLC y entre 850

y 1000 kg/MW para el proceso CLOU.
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Figura 3.40.Eficacia de combustion (&--) y de captura de G{--e--) en funcion de la temperatura
para los procesdsLOU (—) eiG-CLC (- -) con diferentes carbones.

La Figura 3.40 compara las eficacias de combustide captura de CQobtenidas para
ambos procesos, a diferentes temperaturas debredetreduccion usando diferentes

carbones: un lignito, un carbén bituminoso mediovefatiles y una antracita. Las
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diferencias entre el proce$6-CLC y CLOU son evidentes cuando se comparan los
resultados obtenidos. Respecto a la eficacia ddastidn, se puede observar que para
el proceso CLOU siempre se obtuvo combustion camplel combustible a COy
H.O en el reactor de reduccion. Sin embargo, enalgsoiG-CLC habia productos
inquemados a la salida del reactor de reduccion,(CB e H). Por lo tanto la eficacia
de combustion era inferior al 100%, y se encontr® gra mayor para los carbones con
menor contenido en volatiles. Ademas, la tempesadiet reactor de reduccion apenas
afectaba a la eficacia de combustion. Resaltaragl imventario de transportador de
oxigeno usado en el sistema CLOU (845 kg/Midh lignito) en comparacién con el
procesoiG-CLC, donde se necesitaban alrededor de 1500 kg/idaké obtener
eficacias de combustion del 95% con lignito.

Ademas, en el proceso CLOU se obtuvieron mayoriesesde eficacia de captura de
CO; que enG-CLC. La eficacia de captura de £€)gue el orden lignito > bituminoso
MV > antracita en ambos procesos. Por lo tantefiacia de captura de G@epende
de la fraccion de carbono en los volatiles y deelacidad de conversion del char. Asi,
cuanto menos reactivo sea el carbon, se obtienemeéicacia de captura de GQPor
ejemplo, la eficacia de captura de ££niG-CLC a 920°C era un 93% con el lignito y
esta se reducia a un 58% y 40% con el carbon bitsnimedio en volétiles y con
antracita, respectivamente. Con el proceso CLOW ehlignito y el carbon bituminoso
a 920°C se obtuvieron unas eficacias de captu€@Cdelel 97 y 95% respectivamente y

se obtuvo un valor inferior para la antracita, df/a la misma temperatura.

La eficacia de captura de @@s mayor en el proceso CLOU que enICLC porque

es mayor la velocidad de conversion del char. Bt sk convierte mas rapido porque se
guema con @gaseoso en vez de ser gasificado ce@ Ebomo en el proces&-CLC.

Por lo tanto, se puede usar la velocidad de corvedel char por unidad de masa de
carbono para realizar una comparacion entre larafifes combustibles, ya que la
conversion del char en el interior del reactoretiuccion depende directamente de esta
velocidad. La Figura 3.41 muestra la velocidad aleversion del char en funcion de la
temperatura del reactor de reduccion calculada laoBcuacion 2.33 para los tres
carbones utilizados en la planta en continuo darbog experimentos en CLOUIG-
CLC, usando los valores de conversion y tiempo mddiresidencia del char obtenidos

en la planta en continuo para cada carbén. Comdeeesperar, la conversion del char
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aumentoé con la temperatura. Para el proceso CLOWumentar la temperatura,
aumenta la concentracién de €n equilibrio y, lo que es mas importante, aumémta
velocidad de generacion de oxigeno. Como conseizydacvelocidad de combustion
del char se incrementa proporcionalmente.

10 10

CLiU/,V/' o

(-Tchar) (%/s)
(-Tchar) (%/s)

0.01 T T T T T T 0.01 T T T T

890 900 910 920 930 940 950 960 840 860 880 900 920 940

Temperatura (°C) Temperatura (°C)

Figura 3.41.Velocidad de conversién del char para los difereobmbustibles en el proceso CLOU o
iG-CLC: lignito (--¥ --), bituminoso medio en volatiles &--), antracita (4--) y biomasa (---), en
funcion de la temperatura del reactor de reduccadeculados a partir de los datos obtenidos endatal
en continuo.

Ademas se puede observar que la velocidad de ciémedel char para el proceso
CLOU es muy superior a la velocidad de conversion gasificacion del char en el
procesoG-CLC. Estos resultados explicarian la razon dedgor eficacia de captura
de CQ obtenida para el proceso CLOU respecto al progggoLC. En la Figura 3.41
también se ha incluido la velocidad de conversiéinctiar de biomasa para el proceso
CLOU estudiado en el apartado 3.3.4 y para el gmi€a-CLC [83] con un mineral de
hierro como transportador de oxigeno. Como se puedda velocidad de conversion
del char de biomasa para el proceso CLOU era nmijasia la obtenida para el lignito,
uno de los carbones mas reactivos utilizados epldata. Esta alta velocidad de
conversion del char, junto a la gran cantidad détwes que contiene la biomasa,
permite alcanzar eficacias muy altas de capturaC@g incluso superiores a las
obtenidas con lignito bajo las mismas condicionesogeracion; ver Figura 3.32.
Comparando la velocidad de conversiéon del chariomdsa por el proceso CLOU e
IG-CLC se puede observar que a temperaturas de @082Periores, la velocidad de
conversion de char en el proceso CLOU es entrd ¥gces superior a la obtenida con
el iG-CLC. Esto es debido al diferente mecanismo deemsion del char, como se ha

comentado anteriormente. Esta alta velocidad deersidn del char en el proceso
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CLOU explica los menores inventarios de solido sades en el proceso CLOU (565
kg/MW,) comparados con los requeridos pori@CLC (1550 kg/MW) [83], para
obtener similares eficacias de captura de.CO

Por lo tanto se puede concluir que con el procdSOlWse obtienen mayores eficacias
de combustién y conversion del char en el reaactoreduccion que en el proceso iG-
CLC, lo que revierte en mayores eficacias de capte CQ para todos los

combustibles solidos estudiados, utilizando ademasores inventarios de solido.
Estos resultados son debidos a dos causas funddeseria mejor combustion de los
volatiles con el @ gaseoso generado por el transportador de oxigemdaymayor

velocidad de conversion del char mediante la réaccon Q gaseoso frente a la

gasificacion con kD.

Respecto al transportador de oxigeno necesariondyos procesos existen claras
diferencias entre los procesos que hacen que lessidades sean diferentes. En el
procesoiG-CLC son preferibles transportadores de oxigenatbs, generalmente

minerales de hierro [83], ilmenita [31] o residua®s en hierro [94]. Esto es debido a
que no es crucial utilizar materiales muy reactigebido a que la etapa controlante del
procesoiG-CLC es la gasificacion del char. Por lo tantopsesfieren transportadores

baratos, aunque no muy reactivos, donde la pémrtidadmica que se produciria al
purgar las cenizas del proceso junto con el trategor de oxigeno no sea muy
elevada. Por otro lado, en el proceso CLOU se ianesansportadores de oxigeno
altamente reactivos. Para ello, se ha propuedipantmateriales sintéticos de cobre tal
y como se ha mostrado en esta Tesis Doctoral. Esiosportadores altamente reactivos
son caros y, por tanto, sera necesario minimizapé@didas al extraer las cenizas del
carbon. Por ello, existird la necesidad de dedarrtdansportadores de oxigeno que
sean facilmente separables de las cenizas, ya ade el alto contenido en CuO

necesario en el transportador, estas pérdidas dtiponun coste notable para el
proceso. Vistos los buenos resultados obtenidosucotransportador de cobre en el
proceso CLOU, el trabajo futuro estara encaminadwiah el desarrollo de

transportadores de oxigeno de base cobre con wr tenpo medio de vida de las

particulas respecto al mostrado por el transportddooxigeno usado en esta Tesis

Doctoral (Cu60OMgAL_SD) y que sean facilmente selpl@sade las cenizas.
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4 Modelado del proceso CLOU
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4.1 Introduccion al disefio de un proceso CLOU

Para realizar un disefio basico de un sistema CLtkeesario determinar la cantidad
de solidos en los reactores de oxidacion y redagccasi como la velocidad de
circulacion del transportador de oxigeno entre amleactores necesaria para la

combustiéon completa del combustible.

El equilibrio termodinamico del transportador deigexno elegido determina las
temperaturas y las concentraciones de oxigeno adasypara el proceso CLOU. Asi, la
concentracion de oxigeno en las condiciones ddileguia la temperatura fijada en el
reactor de reduccion debera ser lo suficientematdepara permitir la liberacion de, O
en el reactor de reduccion y, ademas, la combusggbrcombustible sin que exista un
gran exceso de Qunto a los productos de combustién. Por otragpaittransportador
de oxigeno debera de ser capaz de oxidarse eacsbrele oxidacion a la concentracion
de oxigeno a la salida del mismo, la cual debeefal@es mas baja posible para
maximizar el uso del oxigeno del aire. Experimenéalte, se ha comprobado que las
temperaturas de interés para este proceso se éracuen el intervalo de entre 900 y
950 °C.

Para determinar el inventario de sélidos requesidl@ada reactor es necesario conocer
la cinética de reaccién del transportador de oxigéanto de la reaccién de reduccion,
como de su reaccion de oxidacion posterior. Eftdaatura existen diferentes estudios
sobre las cinéticas de las reacciones de liberatg@boxigeno y posterior oxidacion de
materiales basados en CuO. La Tabla 4.1 muestraesumen de los principales
parametros cinéticos obtenidos en la literaturea gas reacciones de reduccion y
oxidacion que ocurren en el proceso CLOU. Como eueerse, se han utilizado
distintos modelos cinéticos para determinar dichagametros. Ademas también se
muestra el contenido de metal, el tipo de sopetteétodo de preparacion utilizado, asi

como el didmetro de particula analizado.
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Tabla 4.1.Estudios cinéticos relevantes sobre las reaccidaesduccion del CuO y la oxidacion del

Cu,0 en condiciones CLOU en la literatura.

Transportador Método Ea(kJ/mol)
de oxigeno Soporte  preparaciéh  dp (um) Instalacion T (°C) Global  Cinética Modeld

(B2 (E2)

Reducciéon

10 760-910 313 Primer orden [95]
Puro -—-- 104-152 TGA 850-960 327 Primer orden  [43]
40 MgALO, FG 125-180 LFD 850-900 139 A-E (N=2) [64]
42 SiC | 105-150 TGA 850-950 220 Primer orden  [96]
60 SiQ MM 200-315 TGA 800-950 145 A-E (N=3) [97]
20 SiO, IH <45 TGA 900-1000 170 Primer orden  [69]
75-125 LFD
125-210 LF
18 SiQ | 106-150 TGA 800-900 315 A-E (N=2) [98]
176
60 TiO, MM 200-315 TGA 900-975 155 A-E (N=3) [97]
50 TiO, MM <45 TGA 800-950 180 Primer orden [69]
75-125 LFD
125-210 LF
50 TiO, MM <45 TGA 900-1000 284 58 Primer orden  [99]
60 pd(o} MM 200-315 TGA 800-1000 153 A-E (N=3) [97]
55 ZrO, FG <45 TGA 800-950 147 Primer orden  [69]
75-125 LFD
125-210 LF
45 ZrG FG <45 TGA 800-1000 264 67 Primer orden [99]
40 2r0, FG 125-180 LF 775-925 281 20 Primer orden  [100]
Oxidacion
Puro disco (5 TGA >900 173-98 Primer orden [101]
mm)°
Puro 10 TGA 400-500 76.5 Primer orden  [95]
18 SiQ | 106-150 TGA 800-900 3 Reacciénen  [98]
-43 los limites de
fase (N=2)
55 ZrO, FG <45 TGA 900-975 202 Primer orden  [69]
75-125 LFD
125-210 LF
Método de preparacion: PInstalacion de laboratorio: ‘Modelo
FG = Freeze granulation LFD = Lecho fluidizado discontinuo A-E: Avrami-Erofeev
| = Impregnacion. LF = Lecho fijo
IH = Impregnacion hiumeda TGA = Termobalanza

MM = Mezcla masica

La mayoria de los trabajos se centran en la evidlate los efectos de la temperatura
sobre la velocidad de reaccion y el calculo, pdatto, de la energia de activacion del
proceso. Se han usado dos tipos de ecuaciones ldeidae para representar la

liberacion de @por parte del CuO y la oxidacién delQupara el proceso CLOU [99,

100].
(~Trea )og =Ko F(X) (4.1)
(_rRed )TO :k2'<Coz eq CQ )nl'f(x) 4.2

Se puede observar que en la Ecuacion (4.1) la idelkbcde reduccion solamente
depende de la temperatura (incluida en la constaEntdica) y de la conversién del
transportador de oxigen&X). Por otro lado, en la Ecuacion (4.2) la velocidh
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reaccion también depende dghdiente de oxigeno entre la concentracion emagl g
reaccionante y la de equilibrio. La concentraci@odigeno en el equilibrio es una
funcion de la temperatura, descrita en la siguieatacion:

101325 101325
Coeq=——== Key="75=—¢
RT RT

En funcién de la ecuacion (4.1 o 4.2) consideradaldgienen diferentes valores para la

xp( 22— 2.993107 '~ 1.04830?) (4.3)

energia de activacion. Asi, se calcula una enedgiaactivacion globalE; de la
constante cinética aparerkg cuando se considera el efecto de la temperauata en
la barrera para la reaccion quimica como en laetmrtermodinamica. Usando la
Ecuacion (4.2), se calcula una energia de actimaeid la barrera de la reaccion
quimica, E,, de la constante cinétida, la cual no incluye la energia en la barrera
termodinamica K;) del efecto de la temperatura sobre la conceginade Q en

equilibrio.

Como se puede ver en la Tabla 4.1, se encontraatoreg muy dispersos de las
energias de activacion. Ademas, los parametros eterntinaron analizando la
dependencia unicamente de la temperatura. En aquedbajos que analizaron también
el efecto de la concentracion de, @as condiciones analizadas quedaban lejos de las
condiciones de equilibrio. Por estas razones, Bsiderd necesario analizar el efecto de
la temperatura y de la concentracion de oxigendasnreacciones de reduccion y
oxidacion en un amplio rango de valores de opemadittluso aquellos préximos a la
concentraciéon de Oen equilibrio, ya que estas condiciones son lagradas en un
sistema CLOU (Articulo X). Los experimentos se #en a cabo bajo atmésfera

controlada en un analizador termogravimétrico €ttebnics (TGA).

4.2 Cinética de las reacciones de reduccion y oxida cion del

transportador de oxigeno Cu60MgAl_SD

Para obtener la cinética de las reacciones de c#utugy oxidacion, se realizaron

multiples experimentos en TGA a varias temperaturAdemas se varid la
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concentracion de oxigeno en un amplio rango deremlpara obtener velocidades de
reaccion en condiciones tanto alejadas como préxiakas condiciones de equilibrio
termodindmico. La Tabla 4.2 muestra las condicioegperimentales para los
experimentos realizados en la TGA para el célcidolal cinética de reduccion y
oxidacion del transportador de oxigeno Cu60MgAIl_#iDto con la concentracion de

O en equilibrio para cada condicién.

Tabla 4.2.Condiciones experimentales para los experimee@iados en la TGA. También se muestra
las concentraciones de en condiciones de equilibrio.

Reduccion Oxidacioén
Yo, ()" Yo (%) T(EC)  ¥o,(%0)7 Yo, (%)
850 21 0.4
875 0 0.8 875 21 0.8
900 0 1.4 900 21,11,9,4,25 1.4
925 0 2.4 925 21 2.4
950 0,15,25 4.2 950 21 4.2
975 0,154 7.0 975 21 7.0
1000 0,15,4,6,8,9 11.6 1000 21 11.6

*
N, para balance

4.2.1 Reduccion del CuO aCu ,0

La Figura 4.1(a) muestra las curvas conversiontiesapo para el transportador de
oxigeno Cu60MgAl_SD obtenidas a diferentes tempeaat entre 875 y 1000°C,
usando N puro (concentracion de,@el 0%) en la reaccion de reduccién. Se puede
observar que cuando la temperatura aumenta, laigatbde reduccién aumenta.

1.0 T—ns - A ¥ 1.0
A

o
©

0.8 1

o
o

0.6 1

875°C 0.4 4
900 °C

925°C

v 950°C

Conversion del sélido (-)
=
Conversion del sélido (-)

XOdP>O o

0.2 950 °C 0.2 { 9
975°C _)L 975 f
1000 °C 1000 °C
0.08 : : 0.0 , , ,
0 200 400 600 800 0 200 400 600 800
Tiempo (s) Tiempo (s)

Figura 4.1. Efecto de la temperatura en la reaccion de rednatel transportador de oxigeno ene
TGA con: (a) Yo, = 0%,y (b) Yo, = 1.5%. Simbolos, datos experimentales; linea soatipredicciones

del modelo.

152



Considerando la velocidad de reduccion dada pdEclaacion (4.2), la velocidad de
reaccion aumenté con la temperatura porque aunt@rdonstante cinética y la fuerza
impulsora. A menudo, este efecto se expresa poronag la diferencia entre la

concentracion de oxigeno en el equilibrio y la emiacion de oxigeno en el sistema

alrededor de las particulas, es dé@'gpeq— CQ). Por lo tanto, la velocidad de reduccion

depende de la concentracién de oxigeno en la stipezkterna de las particulas y de la
concentracion de £Oen equilibrio, la cual también aumenta con la terapra

siguiendo la Ecuacion (4.3)

La Figura 4.1(b) muestra la curvas conversion vempo obtenidas para el
transportador de oxigeno Cu60MgAl_SD para tres &atpras diferentes durante la
reaccion de reduccion, usando una concentracio@.ddel 1.5% en Bl Se puede

observar en estas curvas, que la velocidad eralantes que la correspondiente a la
misma temperatura pero sin oxigeno. Esta figurdirooa que la velocidad de reaccion
disminuye cuando la fuerza impulsora disminuye dizba la aproximacion de la

concentracion de £a la de equilibrio.

Para analizar el efecto de la concentracién deemwigen la velocidad de reaccién, la
Figura 4.2 muestra las curvas conversion vs. tieofjienidas para el transportador de
oxigeno Cu60MgAl_SD con concentraciones de oxigarie 0 y el 9% a 1000°C. Este
intervalo de concentraciones de €2 eligid debido a que la maxima concentracion de
O, est4 limitada por la concentracion de €h el equilibrio, por ejemplo un 11.6% a
1000°C; asi que la concentracion de oxigeno dutastexperimentos en la TGA debe
ser inferior a la concentracion de equilibrio. Lelocidad de generacion de oxigeno
disminuye cuando la concentracion de oxigeno awandabido a que disminuye la
fuerza impulsora de la reaccion. Este descensonm&a pronunciado cuando la
concentracion de Qestaba cercana a la concentracion de equilibraen#as, no se
pudo detectar un cambio en el peso de la muesiea BBA cuando la concentracion de

O, era muy cercana a la de equilibrig,(> 9 %), porque la velocidad de reaccion era

muy lenta. Un comportamiento similar fue describo glayton y Whitty [99], durante

la reduccion cuando la fuerza impulsora estabaanera 0.
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Figura 4.2. Efecto de la concentracion de oxigeno a 1000%@ educcion del transportador de oxigeno
en TGA, usando mezclas™ND,. Simbolos, datos experimentales; linea contintedipciones del
modelo cinético.

Cinética de la reaccion de reduccion de CuO aCu

Para describir la reaccién de reduccién de CuO g0Cwon generacion de ,Gse
propone un modelo de reaccion en la superfici@ggarticulas usando un mecanismo
de Langmuir-Hinshelwood mostrado en las Ecuaciqde$) y (4.5). El CuO en la
superficie se descompone en,Qupor reaccion en los sitios activesdando Q
adsorbido en la superficie de la particula. A cardcion el @ desorbe, regenerando los
sitios activos a en la superficie [102]. Aplicaneiste modelo a la descomposicion del
CuO, se obtienen las siguientes ecuaciones:

1. Reaccién quimica de descomposicion del CuO e®GuG, adsorbido, la cual

es un equilibrio dindmico entre la reaccion directaversa:

k
4CuO+ al==2Cy O+ a ), K1=Ei (4.4)
2. Desorcion del @adsorbido
aL(Oz)t<:>z aL+ Q, Kzzt—D (4.5)
A

Cuando la reaccion esta controlada por la descdniposgjuimica, Ecuacion (4.4), la

velocidad de reaccion viene dada por:

dXx

d—iQd = kRed SZuO (1_ e)

1— Co,

'f( XQed) (4.6)

0,,eq
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dondeb es la fraccidn de sitios activos ocupados por £|ED estas condiciones, es
posible usar diferentes isotermas de adsorcion phtener el valor dé. Garcia-
Labiano y col. [103] seleccionaron la isoterma desuRdlich para describir
adecuadamente la calcinacion del CagQyo efecto en la concentracion de,30bre

la velocidad de calcinacion del Cagfoe similar al mostrado para la concentracion de
O, en la descomposicion del CuO. Asi, se selecciangdterma de Freundlich para
describir la fraccion de sitios activos ocupadas,decir, el parametré, el cual se

calcula con la siguiente ecuacion:
6=cC (4.7)
c=ce~RT (4.8)

Combinando las Ecuaciones (4.6) y (4.7), la exprepara la velocidad de reaccion es

la siguiente:
dXRed , COZ
08—y F (Ki) Sl €)1 -

0,,eq

Se han usado diferentes modelos para definir laidarf(Xreg en la Ecuacion (4.9),

incluyendo mecanismos de nucleaciéon [64, 97, 98k aeaccién quimica de primer
orden [95, 100]. EI mecanismo de Langmuir-Hinsh@des un modelo de reaccion en
la superficie ampliamente utilizado para reacciageessoélido cataliticas. Debido a esta
reaccion de superficie, se propone el uso del modelnucleacion para describir la
dependencia de la conversién en la reaccién sa@bsuperficie de las particulas de

transportador de oxigeno.

La ecuacion de Avrami-Erofeev [104] correspondiaaitenecanismo de nucleacién es

la siguiente:
F(X peg) = N7 (L X )[~ 101~ X (4.10)

La expresion final para la velocidad de reduccidcuyendo la Ecuacion (4.10) para la
funcion de conversion, es la siguiente:

Co,
C

0,,eq

1-N

12| N1 %) - M X)) (4.11)

dx i
d—:m = kRed S:UO (1_ Ccié )
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Integrando la Ecuacion (4.11), se obtiene la sigaieecuacion para calcular la

evolucion de la conversion con el tiempo:

C
N n
[~ 1N (1= Xpe )] = K So(1— €& )| 1= —=—| 1 (4.12)
0,,eq
Se define una constante cinética efectiva como:
kl‘?ed = kRed S:uo: K?ed ,oéE%d/RgT (4-13)

El modelo cinético tiene cuatro parametrds if, k.., andc), los cuales deben de ser

calculados en funcién de la temperatura de reacéEilbvalor deN representa el tipo de
modelo de nucleacion y crecimiento de los nucl&esho valor oscila generalmente

entre 1/4 y 3. Para calcular el mejor valoMNjeen la Figura 4.3(a) se muestra el grafico
(—In(l— X geq ))N vs. tiempo para diferentes valores d& usando los datos

experimentales de conversion vs. tiempo de la kigut. La Tabla 4.3 muestra los
coeficientes de correlacion para los diferentesreal deN para la regresion lineal de
cada curva. El mejor ajuste corresponde a un d de 3/4. Este procedimiento se
ha realizado para cada curva de conversién a esmjpetatura y concentraciéon de O
estudiadas, obteniéndose el mismo resultadd jpigra cada una de ellas.

3 4
N=3/2 (a) N=3/2 (b)
eeeee N=1
— — — N=3/4
3 4
zZ —-— N=2/3
= 2 — — N=172 Z,\
o R =
i .o S,
L] / >< 4
G =
£ 1 =
\l/ ~—
e 1
PNy
e
7
e
0 ‘ ‘ ‘ : 0 : ‘ ; ; ;
0 10 20 30 40 50 0 50 100 150 200 250 300
Tiempo (s) Tiempo (s)

Figura 4.3. Determinacion del parametro N usando datos deersitin para calcular (—In(f)" vs.
tiempo (Ecuacion (4.12)) a (a) 1000°C, 4%p@ra la reduccion; y (b) 900°C, 6% fara la oxidacion.
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Tabla 4.3.Coeficientes de correlacién para la dependenuémlide las curvas (—In%z¢)" vs. tiempo
para diferentes valores de N para el transport@eaxigeno Cu60MgAl_SDlrey= 1000°C; Yo, red =

49%; Tox = 900°C; Yy, o, =6 %

N  Reduccion Oxidacion

3/2 0.9017 0.9570
1 0.9769 0.9970
3/4 0.9961 0.9977

2/3 | 0.9951 0.9926
1/2 0.9838 0.9703

Para determinar los valores de la constante deideld por la reaccion quimich,,, , y

su variacibn con la temperatura, se considerar@ dgperimentos realizados a
diferentes temperaturas (entre 875 y 1000°C) canatmoésfera con el 100% de.NEn
este caso, la Ecuacion (4.12) se Simplificd—n(1— Xy )|" = Keet. La Figura 4.4

muestra las representaciones de Arrhenius paeatxion de reduccion, y la Tabla 4.4
muestra los pardmetros cinéticos obtenidos pafac&r pre-exponencial y la energia

de activacion.

!

-5 | -1

IN k' Reg Of INK' ox
SN

-2

78 80 82 84 86 88 9.0
1/T 10* (K™

Figura 4.4. Dependencia de la temperatura de los paramettésans para el transportador de oxigeno
Cu60MgAIl_SD: constante cinética para la liberadéroxigeno €); constante cinética para la oxidacion
(A); y parametro de adsorcién c para la reducaidn (

El valor obtenido de la energia de activacién er&7D kJ-mét. No se puede comparar
este valor con los valores de energia de activad@ita literatura porque el modelo
cinético aqui propuesto es diferente. La energiaatizacion depende del nimero de
parametros dependientes de la temperatura condadeesm el modelo cinético. Asi, la
energia de activacion global se calcula Unicameniteel parametré; dependiente de

la temperatura, ver Ecuacion (4.1). La energiaafi@aeion cinética se calcula con 2
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parametros dependientes de la temperatura, eskdecic, .

ver Ecuacion (4.2). En
este apartado la energia de activacion tiene uanpro adicional afectado por la

temperaturag, en el modelo cinético propuesto.

Los parametros y ¢ en la Ecuacion (4.12) se calcularon considerahddeeto de la
concentracion de oxigeno sobre la velocidad decdinn del transportador de oxigeno.
Después de integrar y realizar algunas operaciaigedraicas sobre la Ecuacion (4.11),

se obtiene la siguiente expresion:

1

(N (1 X [ In(2= X))

dX Red
dt

Yo—nji (4.14)

1
G, :In(c)+ﬁln<Coz)
C

0,,eq

Xgea =0.2

1—

kRed

Se calcul6 la velocidad de reaccion cuarkig, =0.2, es decir, cuando se obtiene la

maxima velocidad de reaccion en el modelo de noideaon el valor d&\l = 3/4.

Tabla 4.4.Parametros cinéticos determinados para el trat&jmrde oxigeno Cu60MgAl_SD.

Reduccion Oxidacioén

Kieg o (s | 3.6:10 | koo (M- mor)¥"sY) | 6.2-10"

Ereq(kJ mol?) 270 Eox (kJ mol?) 32

Co ((m* mor)*™ | 1.8-10'°

Ec (kJ mol%) -240

n 0.5 n 1.2

Trazando el lado izquierdo de la Ecuacion (4.2), frente al InC,, ), se pueden

calcular los parametros ¢ y n calculando la ordarexdel origen y la pendiente de la
curva obtenida; ver Figura 4.5(a). De esta formaldeene, para todas las temperaturas
estudiadas, un valor aede 0.5 (ver Tabla 4.4). Considerando una depemaeec con

la temperatura del tipo Arrhenius, la Figura 4.4estita el ajuste decon la temperatura
para la reaccidon de reduccion, y la Tabla 4.4 nnaés$ parametros cinéticos obtenidos
para el factor pre-exponencial y la energia devacithn obtenida para usando la
Ecuacion (4.8). El valor de la energia de activagiara el parametmes -240 kJ-md}

negativo, como corresponde a un proceso de adsorci6
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Figura 4.5. Determinacion de (a) parametmy c usando la Ecuacién (4.14) para la reaccion de
reduccién a 1000°C; y (b) parametrasando la Ecuacion (4.21) para la reaccién deagcidth a 900°C.

El modelo desarrollado con los parametros cinétafienidos se utilizo para obtener
las curvas tedricas a diferentes temperaturas decpn, las cuales se comparan con
las curvas experimentales de conversion vs. tiepgpa diferentes concentraciones de
O, y temperaturas. En las Figuras 4.1 y 4.2 se pabdervar un buen ajuste entre las
curvas experimentales y las teoricas resultantésndeelo cinético propuesto para
todas las temperaturas y los intervalos de corm@dtr de oxigeno usados, incluyendo
condiciones de reaccidon con concentraciones gléafto lejanas como cercanas al
equilibrio. Este resultado indica que la isoterneaFdeundlich junto con el modelo de
nucleacion con N = 3/4 es valido para describidéscomposicion del CuO en un
amplio rango de concentraciones de ©or lo tanto, el modelo propuesto predice
apropiadamente las velocidades de reaccion cuasi@dncentraciones de, @stan
cercanas al equilibrio, donde modelos anterioremrados en la literatura habian
fallado [99]. Esta condicion es necesaria en ettogade reduccion de una planta de
CLOU para evitar compuestos inquemados en los gdsesalida del reactor de

reduccion; ver apartados 3.2.2'y 3.3.2.

4.2.2 Oxidacion del Cu ,0 a CuO

La Figura 4.6(a) muestra las curvas conversiori@spo obtenidas para la oxidacion
del CyO en el transportador de oxigeno para valores deetdracion de oxigeno
desde el 21% al 2.5% a 900°C. La velocidad de oiddaera rapida cuando la
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concentracion de oxigeno era mucho mayor que laecdracion de oxigeno en el
equilibrio. Sin embargo, descendia rapidamente dman concentraciéon de oxigeno se

aproximaba a la concentracion de equilibrio.

1.0 1.0
’T ~—~
— 0.8 < 081
o
3 3
‘2 0.6 1 ‘2 0.6 1
3 3 (b)
S 04 c | O 8s50°C
Q N®) 0.4 & 875°C
g g A 900°C
e vV 925°C
8 0.2 % 0.2 1/ O 950°C
X 975°C
© © + 1000°C
0.0 T T T T 0.0 ; ; ; ; . . :
0 100 200 300 400 500 0 20 40 60 80 100 120 140
Tiempo (s) Tiempo (S)

Figura 4.6.Efecto de (a) concentracion dg ©900°C y (b) la temperatura coR, =21 % en TGA, en la

oxidacion del transportador de oxigeno. Simbolagslexperimentales; linea continua, prediccioeés d
modelo.

Este efecto también fue observado por Whitty y ©iay{69] cuando disminuia la
fuerza impulsora de la reaccion de oxidacion. Lgufd 4.6(b) muestra las curvas
conversion vs. tiempo para el transportador deemdgCu60MgAIl_SD para diferentes
temperaturas entre 850 y 1000°C, usando aire camoegctivo. Se puede observar que
la velocidad de reaccion disminuia cuando aumergatsanperatura, siendo la reaccion
mas lenta a 1000°C, debido a que la fuerza impmulderla reaccion disminuia, ya que

aumenta el valor de la concentracion dee@equilibrio,C, .

Cinética de reaccion de oxidacion de;Oua CuO
Se ha usado un modelo mecanistico de Langmuir-Eiwslod para describir la
reaccion quimica de oxidacion delfQuen el proceso CLOU.

1. Adsorcién del @sobre la superficie de g0:

0, +al—-=al(Q), K, = % (4.15)
° D

2. Reaccién quimica de oxidacion de,Ouyara formar CuO:

2Cu, 0+ al( Q)#4Cu0+ al, K, _k (4.16)
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Cuando la reaccion esta controlada por la descam@osjuimica, Ecuacion (4.16), la

velocidad de reaccion viene dada por:

dxO n Coz eq
— = c 1— —=4
dt kOXS:L&O Cié [ Co

2

f( X0 (4.17)

De manera similar al andlisis para la reducciowvatr deb se calcula con la isoterma
de Freundlich, es decir con la Ecuacion (4.7). Adenel modelo de nucleacion también
fue considerado para la reaccion de oxidacion. Y@esion para la velocidad de la

reaccion de oxidacion, incluyendo la funcion desl@lucién de la conversion, es la

siguiente:
dXo>< _ n COZ,eq 1 1-N
T - kOxSCuzO' C% [1_§ ( N (1_ )SX)[_ |I'ﬁ - )Sx>] ) (418)

Integrando la Ecuacién (4.18) se obtiene la sigaieexpresion para calcular la

evolucion de la conversion del transportador dgexd con el tiempo:

Coz €4

[~In(1—Xo,)]" = kOXSCQOcC’g‘[l—C— { (4.19)

2

Los parametrokox ¥ ¢ no se pueden calcular separadamente para la Geadei
oxidacion. En este caso, se define una constané&tiaca efectiva para la reaccion de

oxidacion como:

Kox = Ko Soy 0= op €™ (4.20)
Por lo tanto, es necesario determinar tres parémédr n y k, . Para determinar el
valor deN, en la Figura 4.3 se muestra el gréfi(celn(l— XOX))N vs. tiempo para

diferentes valores dd, usando los datos experimentales de conversidienspo de la
Figura 4.6. La Tabla 4.3 muestra los coeficientescdrrelacion para los diferentes
valores deN para la regresion lineal de cada curva. El meoresponde a un valor de
N de 3/4. Este procedimiento se ha realizado pada carva de conversion a cada
temperatura y concentracion de €studiadas, obteniéndose el mismo resultadd de
para cada una de ellas.

Los parametros y k, para la reaccion de oxidacién se obtuvieron reprtesdoYox
VS. In(COZ) a 900°C, como se describe en la siguiente ecuatsdivada de las

Ecuaciones (4.18) y (4.20), pafax = 0.2, igual que para la reaccion de reduccion.
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La Figura 4.5(b) muestra la regresion linealvggvs. In(COZ). Se obtuvo un valor de

igual a 1.2. Se realizaron experimentos a difeset@mperaturas entre 850 y 1000°C y
un 21% de @ para calcular la dependencia de la constante icindtente a la

temperatura. Considerando la dependencia de Aubeték,, , la Figura 4.4 muestra

las curvas de Arrhenius para la reaccion de oxitacy la Tabla 4.4 muestra los
parametros cinéticos obtenidos para el factor ppeencial y la energia de activacion.
Se obtuvo un valor de la energia de activacionkJ3mot' para la constante cinética
de oxidacion.

Finalmente, la Figura 4.6(a) muestra la comparaeittre las curvas experimentales y
las predicciones del modelo para diferentes commeinphes de © a temperatura
constante. Se puede observar un buen ajuste estreurvas experimentales y las
tedricas resultantes del modelo cinético propupst@ todas las temperaturas y los
intervalos de concentracion de oxigeno usados.restdtado indica que la isoterma de
Freundlich junto con el modelo de nucleacion cor R/4 es valido para describir la
oxidacion del CpO en un amplio rango de concentraciones deg i@cluso con
concentraciones de oxigeno cercanas al equililta. otro lado, la Figura 4.6(b)
muestra las curvas conversion vs. tiempo tanto rerpatales como tedricas a
diferentes temperaturas. Se puede observar quedaraé obtuvo buen ajuste con el

modelo propuesto.

Se puede concluir que con el modelo cinético prsfouen este apartado, es posible
predecir las velocidades de reduccion y oxidaciédifarentes concentraciones de
oxigeno y diferentes temperaturas en un amplioaatg condiciones de operacion

adecuadas para la operacion del proceso CLOU.
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4.3 Modelado simplificado del proceso CLOU

Para realizar el disefio de los reactores del poo€HOU es necesario realizar el
modelado del proceso. A la hora de disefiar unns&st€LOU, los parametros mas
importantes son el inventario de solidos en eksisty la velocidad de circulacion del
transportador de oxigeno entre los reactores. Anpmrametros estan altamente
influenciados por la reactividad del transportadier oxigeno y su capacidad de
transporte de oxigeno. En este trabajo se va aaea&l modelado simplificado de los
reactores de reduccién y oxidacion utilizando feética determinada previamente. Con
este modelo se podra evaluar el efecto de lasblesianas importantes del proceso

sobre la eficacia de captura de QfDando se utilizan diferentes combustibles solidos

4.3.1 Circulacion de sélidos e inventarios minimos de transportador de

oxigeno

Uno de los parametros fundamentales en un proceSoe€ la velocidad de circulacion
de solidos entre ambos reactores, ya que es lamaude que se suministre el oxigeno
necesario para la combustion del combustible. ®eiléda velocidad de circulacion de
los sélidos con un balance de materia al sistenfimdAy col. [81] desarrollaron un
modelo simplificado para el proceso CLC y que past@ente fue modificado para el
procesoiG-CLC con combustibles sdélidos [105]. En este mwmdal velocidad de

circulacion de sélidos por MWm,, la cual depende de la composicion y el poder

calorifico del combustible sélido, se puede calcd&ala siguiente forma

10°Q,

e (4.22)
I:’(:I'Rro'AXTo

Mro

siendoQsrk la masa de oxigeno necesario por kg de combusdlido para obtener
combustién completa de combustibRCI el poder calorifico inferior del combustible
sélido; y AXto la variacién de la conversion del transportadorodégeno en cada

reactor.

Se calculé la velocidad de circulacion de sélidoseeambos reactores en funciéon de la
variacion de la conversion del transportador degend. La Figura 4.7 muestra la
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velocidad de circulacion del sélido cuando se uséignito como combustible, con un
valor deQsk = 1.2 kg de oxigeno por kg de carbéon yR@l de 16250 kJ/mol. La
variacion de la conversion del sélidoXro, €s mayor para valores bajos de circulacion
del solido, y disminuye rapidamente cuando aumdmtaelocidad de circulacion,
alcanzado valores cercanos a 0 cuando la velo@danhuy alta. Abad y col. [81]
estimaron que la maxima velocidad de circulaciésdiglos posible a costes razonables
en una planta de CLC era de 16 Kgpsr MW, basado en el desarrollo comercial de
unidades de lecho fluidizado circulante. Esto $igamique el minimo valor d&Xro

deberia ser 0.1.

En cuanto al inventario de sélidos en los reaciesnecesita una cantidad minima
para transferir el ©@a la velocidad demandada y tomar el oxigeno ngoesa el
reactor de oxidacion. Se calcul6 el inventario mimide solidos en los reactores de
reduccion y oxidaciébn por MWde combustible,mro, para la combustion de
combustibles sélidos haciendo un balance al re§t&i:

10°0,,

PCI-R, [?]

My = (4.23)

Se obtuvo la reactividad promedio para cada reactosiderando la concentracion de
gases promedio en cada uno, junto a la distribud&ntiempo de residencia de los

sélidos.

Se calculd una concentracién promedio deliferente en cada reactor. En un proceso
CLOU, el inventario minimo de sdlidos en el reaalerreduccion, para transferir el
oxigeno requerido por el combustible, corresponkdecandicion donde la velocidad de
generacion de oxigeno es maximizada. Se alcanaacesticion cuando se considera
gue la concentracion de oxigeno en la Ecuaciéri)44 0, lo que corresponde con el
limite asintético en el cual todo eb@berado se consume por el combustible y no hay
exceso de @en los gases; ver Apartado 3.2.2. Por otro lagl@atculd el inventario de
sélidos en el reactor de oxidacion considerandoexoeso de aire del 20%. La
concentraciéon promedio de,@n el reactor de oxidacion era aquella que cumalia

Ecuacion (4.24), en este caso el 11% [81].
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9 Wg] (4.24)

%
dt dt

AX _fxg,om dx

X

g.in

02
Se considerd también la distribucion de tiemposedédencia de las particulas en el
reactor para calcular la velocidad de reaccion paim Suponiendo mezcla perfecta en

los reactores, se calcul6 la velocidad de reaqmiémedio como [81]:
- [ ax
o | dt

donde t,, es el tiempo medio de residencia de las particdeadransportador de

dX; g Ve

dt

dt (4.25)

TrRr

oxigeno en el reactor de reduccion, el cual depeledia velocidad de circulacion de

sélidos y del tamafio del reactor.

o = o8 _ e (4.26)
mTO dXRed
dt

Esta ecuacion considera que las particulas entrahreactor parcialmente convertidas.
El tiempo necesario para alcanzar la conversionptata seréd., siendo este valor el
limite superior de la integral de la Ecuacion (3.Zguiendo el método presentado por
Abad y col. [81], se puede calcularen funcidn de la conversion media de los soélidos a

la entrada del reactor para el modelo de nucleamaria siguiente ecuacion:

t =%(—|nYRed ,inRR>% (4.27)

C

De este modo, la velocidad de reaccion inicialadeplarticulas entrantes se corresponde
a la de las particulas completamente oxidadas, & & 0, yt. es el tiempo necesario
para alcanzar la reduccion completa, corresporgliemteste casoXeq = 1 - Xred inrr,

ya que las particulas pueden haber sido parciaémeridadas en el reactor de

oxidacion.

La expresion que describe la reactividad usandwoelelo de nucleacién es la siguiente:

dXRed
dt

islk-t% gk (4.28)

El parametrdk incluye la constante cinética y la funcion dedaaentracion de oxigeno.

1_C_02
C

€q

k=k_(1—cq") (4.29)
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La Figura 4.7 muestra los inventarios minimos @adportador de oxigeno para los
reactores de reduccion y oxidacion en funcién deadaaciéon de la conversién del
transportador de oxigeno a 950°C. Se puede obseajuar con bajos valores de
variacion de conversion del transportador de oxdgem necesitan bajos inventarios de
sélidos en ambos reactores pero con altos valoeesetbcidad de circulacion de
sélidos, y viceversa. Si se supone un valoARe, = 0.1, los valores de inventarios de
transportador de oxigeno son de 160 kghW\O5 kg/MW para los reactores de
reduccion y oxidacién, respectivamente, mientras gjidXro = 0.7 los inventarios son
300 y kg/MWt. Hay que destacar que en los experiogerealizados en la planta en
continuo de 1.5 k\Wse trabaj6 en estado estacionario con un invendarisélidos en el
reactor de reduccién de 454 kg/MWer Apartado 3.3.2. Sin embargo, en ese caso
habia exceso de,@n los gases de salida del reactor de reduccaroRanto, hubiera
sido posible trabajar con menores inventarios dala® en la planta en continuo

consiguiendo combustion completa del combustible.
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Figura 4.7. Inventario minimo de sélidos por MWh funcién de la variacion de la conversién del
transportado de oxigeno entre los reactores decgduy oxidacion: reactor de reduccién-(-), reactor
de oxidacion{: - -- -}, velocidad especifica de circulacion de sélidosible ) y velocidad

especifica de circulacion superior al limite hidr@nico € - -), usando lignito como combustible.
Temperatura: 950°C. Limite hidrodinamico para @lflde sélidos: 16 kg/s por MW

Hay que considerar, que el inventario minimo despartador de oxigeno calculado en
esta seccion depende de la reactividad del tratesjmrde oxigeno, y corresponde a la
cantidad de solidos necesarios para suministraxigleno a la velocidad requerida,

determinada por la velocidad de alimentacion ddd@a Mas adelante, en el Apartado
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4.3.2, se analizara el consumo de oxigeno porrabastible, el cual dependera de su

reactividad.

4.3.2 Eficacia de captura de CO , para diferentes combustibles

Una vez determinados los inventarios minimos newss@ara transferir el oxigeno
requerido por el combustible es necesario detemhdisanventarios para suministrar el
tiempo de residencia necesario para alcanzar efitiencias de captura. Asi, el tiempo
de residencia de los soélidos en el reactor de édlucebera permitir la conversion del
char alimentado, que esta directamente relacionadda reactividad del carbon. Hay
que recordar que el char inquemado en el reactoedigccion alcanza el reactor de
oxidacion, donde se quemara, generande @@ no se captura. Por lo tanto, la eficacia
de captura de CQlependera del inventario de sdlidos en el realgtaeduccion.

Para calcular la conversién del char en el reatgareduccion, es necesario considerar
los procesos que tienen lugar en él. En el realgaeduccion de un sistema CLOU se
alcanza un pseudo-equilibrio entre el IBerado por el transportador de oxigeno y el
oxigeno consumido por el combustible. Por lo taeto,el balance de oxigeno en el
reactor de reduccion se deben considerar tanteigéimo generado por el transportador
de oxigeno como los diferentes destinos de eseecaigconversion del char y los
volatiles, y el Q en exceso presente en la corriente gaseosa.

(_rOZ )TO :(roz)char+(roz)vol+(r02) gas (430)

La velocidad de generacién de oxigeno dependerindehtario de transportador de
oxigeno en el reactor de reduccion, de su capaddaiansporte de oxigeno y de la
velocidad de reduccion del transportador de oxigepne depende a su vez de

reactividad, de la temperatura del reactor y dmfecentraciéon de oxigeno en el reactor:

dX
(_ro2 )TO =Rrompq RR|: d?ed :| (4.31)

El oxigeno generado por el transportador de oxigengsa para:
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1. Quemar las particulas de char. Durante los exgatins de combustion de char con
O, gaseoso, se observo que la velocidad de reac@droastante con el tiempo [29,
61]. Asi, se puede calcular la velocidad de reacc@mo:

M
(1,), =~ o Dot (4.32)
Plenar M 1= Xy | dlt

2. Quemar los volatiles. Se supone combustién compuletlos volatiles. El oxigeno
que reacciona con los volétiles es la diferencigieela demanda de oxigeno del

combustible sélido y la demanda de oxigeno delarartfijo.

(r0,). = mSF{Q SF—':\/'A—C:[C ﬁX]} (4.33)

3. Se acumula en el flujo de gases de salida delaedgitoxigeno puede estar presente
en el flujo de gases que salen del reactor de c&itucpero con una concentracion
siempre por debajo de la concentracion de equilidaia temperatura del reactor. La
velocidad de generacion de oxigeno en la corrigageosa depende del gas a la
salida del reactor de reduccién, que a su vez diepe®a la corriente de gas que entra

en el reactor de reduccion.
(rOZ )gas =M O, I:Fgasy qiloutRR (434)

La velocidad de combustién del cl(a&)cmr, depende de la masa de char en el reactor

de reduccion. Para calcularlo se realiz6 un balascearbono considerando los
diferentes flujos donde existe carbono: carbonoekmombustible, carbono en los
volatiles, carbono en el char convertido en elt@ate reduccion, y carbono en el flujo

de sélidos que salen del reactor de reduccion.
FC,SF = Fc, vt X CharFC char™ (1_ X Cha) F C cha (4.35)

Cada flujo de carbono se calcula como:

1

Fosr = Mse] e o] (4.36)
c
1

Fevol = M mSF|: fose™ e fix] (4.37)
c
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I:C,char :MimSFI: fC fix] (438)

C

1 5 XC RR
1-X F = ' 1- 4,
( Char) C, char M c mTol_ ‘RR( r] SS() ( 39)

siendox. la fraccion de carbono en los sélidos en el reataeduccion:

X = Mere (4.40)
Mo rr ™ Mg rr
La fraccion de chakc afecta al flujo de char transferido al reactorodédacion y al
oxigeno consumido en el reactor de reduccion. Eftdaacion (4.39) también se
considera el efecto de la eficacia de separacidmndeosible sistema de separaciéon de
char,nssg sobre la conversién del char. Un sistema de aejgar de char permite la
recirculacion selectiva de particulas de char intpoas al reactor de reduccion desde la
corriente de solidos que sale del mismo con eldénminimizar el flujo de carbono
inquemado que llega al reactor de oxidacion [29Jokietivo de su utilizacion es, por

tanto, obtener altas eficacias de captura de[2@) 61].

Fijando la masa de transportador de oxigeno ereadtor de reduccion, se puede
realizar un proceso iterativo modificando la coniaion de Qvy la fraccion mésica de

carbono en el reactor de reduccién para obtenezitecidad de generacion de oxigeno y
la velocidad de consumo de éste en las Ecuacidngs)(y (4.32). El objetivo de este
proceso iterativo es cumplir simultaneamente lokarzes de oxigeno y carbono
mostrados en las Ecuaciones (4.30) y (4.35). Uraquee se conoce cada flujo de

carbono, se puede obtener la eficacia de captur@Q@e n.., para el inventario de

sélidos supuesto.

Fe o + XparF
Nec = C,vol Char” C char (441)

I:C,SF

Cabe sefialar que la eficacia de captura de @@bién depende de la velocidad de
circulacion de los sdlidos porque: (1) la velocidba circulacion de sélidos afecta al
tiempo de residencia de los sdlidos, y por lo taatta reactividad del transportador de
oxigeno; y (2) afecta a la conversion de char fjufd de carbono que sale del reactor

de reduccion.
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En este apartado, se han considerado dos comlegspiifa la simulacion y disefio: un
carbén bituminoso bajo en volétiles (BV) y un ligniver Tabla 2.2. Estos carbones
fueron previamente utilizados en la planta en coiatide 1.5 kWmostrando diferentes
comportamientos durante los experimentos de condimysver Apartado 3.3.3. Se

calcul6 la velocidad de conversién de char congaisnte ecuacion:

(0):4
|: dCthar:| = kCharCa (442)

donde la constante de conversion de char se calouoia:

kChar = kChar,O e_ EO/Rg ' (443)

La parametros cinéticos de reactividad del chaeseios para este estudio se tomaron
del trabajo de Hurt y Mitchell [106]. La Tabla 4nBuestra los parametros cinéticos

correspondientes para cada carbon.

Tabla 4.5.Parametros cinéticos considerados para cada ¢arbtamidos de [106].

Paradmetros cinético Lignito Bituminoso Bajo en Volatiles

Kenar,0 (M- mor™*-s%) 1.8-10
E, (kJ mol*) 94.1
p 0.5

Los principales resultados del modelo son la camaeidn de @ en el reactor de
reduccion y la eficacia de captura de Cla Figura 4.8(a) muestra la concentracion de
O a la salida del reactor de reduccion en funcidtadmnversion del transportador de
oxigeno usando lignito como combustible y diferentalores del inventario de sélidos
en el reactor de reduccion (150, 250, 500 y 150MW¢). La temperatura del reactor
de reduccion se fijo en 950°C y no se considetseldel sistema de separacion de char

(Nssc=0). También se muestra la concentracion dee® el equilibrio. Se puede

observar que la concentracion de oxigeno dismincyando la variacion de la
conversion aumenta. Esto es debido al hecho deggeema mas carbén en el reactor
de reduccion y disminuye la reactividad promedid tdensportador de oxigeno al
incrementarsé&Xro; ver Ecuacion (4.30). También se puede ver qaenaentracion de
0O, aumenta cuando aumenta el inventario de sélidad eactor de reduccion, porque
hay disponible mas oxigeno en los solidos que psedéberado. Resaltar que hay O

libre en la corriente gaseosa que sale del realgtareduccion. Esto significa que el
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transportador de oxigeno es altamente reactivoeg@liberar @ aunque en ocasiones
el tiempo de residencia en el reactor de reduaoddsea lo suficiente para convertir por
completo el char.
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Figura 4.8.(a) Concentraciéon de @ la salida del reactor de reduccion y (b) efeas captura de GO
en funcion de la variacion de conversion del transpplor de oxigeno en el reactor de reduccion wsand
lignito como combustible para diferentes inventade solidos en el reactor de reduccion: 15686¢),

500 (- --), 250 ¢--) and 1501- -9 kg/MW,. Temperatura: 950°Q)5. = 0.

La Figura 4.8(b) muestra la eficacia de capturaC@e en funcién de la variacion de
conversion del transportador de oxigeno para lasnas condiciones que la Figura
4.8(a). La eficacia de captura de £&umenta cuando aumenta el inventario de solidos
en el reactor de reduccion, debido al asociademento del tiempo de residencia de
los sélidos. Resaltar que todas las lineas conmeeg@n valor de captura de €0
minimo del 24% cuanddXro = 0, el cual corresponde al contenido de carbonme
volatiles de este carbdn que son siempre quemadelsreactor de reduccion. Para altos
valores de conversiéon del transportador de oxigehdncremento de la eficacia de
captura de C@®es mas suave. Este comportamiento es debido @zimses aditivas: 1)

el tiempo de residencia en el reactor de reduceminversamente proporcional a la
variacion de conversion, produciendo que la conméersle char no es directamente
proporcional a la variacion de la conversion dehsportador de oxigeno; 2) a menor
concentracién de Len el reactor de reduccion disminuye la velocidadconversién
del char en dicho reactor. De hecho, la eficaciaca®ura de C®puede disminuir
ligeramente a altos valores d&ro. Por lo tanto, se observé un maximo en la eficacia
de captura de C{para cada inventario de solidos en el reactoedeacion al variar la
conversion de solidos. Este maximo se debe a queom@entracibn de oxigeno

disminuye a valores cercanos a 0, y el efecto deaja concentracion de,@n la
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disminucién de la velocidad de conversion del atmmayor que el efecto positivo

debido al incremento del tiempo de residencia.

Con este combustible y a 950 °C, sOlo se alcanfisacms de captura de GO
superiores al 90% con inventarios de transportddarxigeno superiores a 500 kg/MW

y AXto > 0.5, sin el uso de un sistema de separaciomae(g.. = 0). Por lo tanto, se

recomienda trabajar con altos valores A%;o, es decir con bajas velocidades de

circulacion de solidos, para obtener altas eficadmcaptura de GO

Sefalar que el inventario de sdlidos minimo eneattor de reduccion, determinado
para suministrar el flujo de oxigeno estequiométnmra quemar un lignito (por
ejemplo de 300 kg/MWcon unAXyo = 0.7; ver Figura 4.7), es inferior al inventadi®
sélidos necesario para alcanzar eficacias de eauterCQ superiores al 95% (600
kg/MW;, con unAXto = 0.7; ver Figura 4.9). Por lo tanto, la convemsite carbén esta
limitada por el tiempo de residencia en el read®sreduccion, ya que el transportador
de oxigeno es capaz de transferir todo gh€tesario en estas condiciones. Este hecho
concuerda con los resultados previos obtenidos|eandisis de la reactividad del
transportador de oxigeno (Apartado 3.2.3) y loslltados obtenidos en la planta en

continuo para el proceso CLOU (Apartado 3.3.3).
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Figura 4.9.Eficacia de captura de GGen funcién del inventario de sélidos en el readreduccion

para dos carbones diferentes: lignite-(), y bituminoso BV {----); Temperatura: 950°Qssc= 0%,
AX:0= 0.7. Puntos experimentales obtenidos en la plmtzontinuo para el proceso CLOU de 1.5kW
lignito (e) y carbdn bituminoso BVA): Apartado 3.3.3.
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Se puede analizar el efecto del inventario de e8l&h el reactor de reduccion sobre la
eficacia de captura de G@redicha para diferentes carbones. El efectondentario de
sélidos en la eficacia de captura de,(Qfara los diferentes carbones se muestra en la
Figura 4.9 considerando una variacion de la comerdel solido deAXro =0.7. En
todos los casos la eficacia de captura de @@nenta con el inventario de solidos
debido al mayor tiempo de residencia de los soligda mayor disponibilidad de
oxigeno. Se puede observar que para el carbon eaétivio, es decir el lignito, es
posible alcanzar altas eficacias de captura de €95%) con aproximadamente 600
kg/MW; en el reactor de reduccién. Sin embargo, paraadmda menos reactivo como
es el bituminoso BV, son necesarios mayores inviestale sélidos para alcanzar altas
eficacias de captura de gQ@on valores cercanos a 1500 kg/MWdemas, la Figura
4.9 muestra los resultados experimentales obteredok planta en continuo para el
proceso CLOU de 1.5 kWara los diferentes carbones estudiados; ver agar3.3.3.
Como se puede ver las eficacias predichas por delngara cada carb6n simulado
coinciden con los resultados experimentales obbtsnié&Este hecho valida el modelo
desarrollado en esta Tesis Doctoral y permitezatilo como herramienta de simulacién

y disefio.

En esta simulacion no se ha considerado la pres@®cuna unidad de separacion de
char ocarbon stripper Aunque se alcanzan altas eficacias de captu@Odeon ambos
carbones seria necesario un sistema de separacihad para lograr elevadas eficacias
de captura de C{ron bajos inventarios. Asi, el modelo se ha atiliz para predecir las

eficacias de captura de @€uando se utiliza un sistema de separacion de char

Las Figuras 4.10 y 4.11 muestran la eficacia deucapde CQ en funcién del
inventario en el reactor de reducciéon cuando ssidera un sistema de separacién de
char con diferentes eficaciagsgc= 0, 50 y 90%), diferentes temperaturas: 900925,

(b) y 950 °C (c) y bien lignito o un carbéon bituméo bajo en volatiles como

combustible.
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Figura 4.10.Eficacia de captura de GGen funcidn del inventario de sélidos en el read®reduccion
para el lignito para tres diferentes eficaciasmsistema de separacion de char y tres temperaajas

900, (b) 925y (c) 950°Q)ssc 0 ——), 50% ( - - ) y 90% ¢----).

La eficacia de captura de GQumenta al aumentar el inventario del reactor de
reduccion para una determinada eficacia del sistdenseparacion de char, debido al
aumento en la conversion de char en el reactoedigccion. Como se puede observar
en las figuras, el efecto del sistema de separat@ochar es muy alto especialmente a
menores temperaturas y a bajos inventarios eraetaede reduccion. También es mas
relevante cuando se utilizan combustibles pocatikemcpara obtener altas eficacias de
captura de C@con bajos valores de inventario de sélidos. Alséfecto obtenido es
superior con el carbén bituminoso bajo en volatiee para el lignito debido a la
diferencia de la reactividad entre ambos carboRes.lo tanto, para los carbones con
reactividades bajas se hace necesario el uso désteéma de separaciéon de char para

alcanzar altos valores de eficacia de captura de €@ndo se disefie un proceso
CLOU.
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Eficacia de captura de CO 5 (%)

TRR = 900 °C TRR = 925 °C TRR =950°C
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Inventario RR (kg/MW ) Inventario RR (kg/MW ) Inventario RR (kg/MW )

Figura 4.11.Eficacia de captura de GCen funcién del inventario de solidos en el readoreduccion
para carbon bituminoso bajo en volatiles paradiesentes eficacias de un sistema de separaci6hate

y tres temperaturas: (a) 900, (b) 925y (c) 950%ss 0 ——), 50% ( - - ) y 90% ¢----).
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Tabla 4.6.Inventarios de sdlidos necesarios para alcanz@b%nde eficacia de captura de Q©n
diferentes eficacias del sistema de separaciéohdel

Combustible  Temperatura (°C. Mec (%) Nssc(%)  Mrogrr (kg/MW,)

Lignito 925 95 0 700
Bituminoso BV 925 95 75 500

Finalmente, la Tabla 4.6 muestra un resumen deénientarios de solidos necesarios
para alcanzar una eficacia de captura de @& 95% con los dos combustibles
simulados a 925 °C. Como se puede observar, dagniéb no es necesario el uso de un
sistema de separacion de char para alcanzar valossde eficacia de captura de £LO
con inventarios de solidos bajos. Este valor seipddcluso reducirse, aumentando la
temperatura del reactor de reduccion, pasando A&g/®MW; a 925°C a 600 kg/MWa
950°C. Pero este aumento de la temperatura supamu@umento del Qen exceso en
la corriente de salida del reactor de reduccion 2d&% al 4%) que posteriormente
habria que eliminar de la corriente de CGDalmacenar. Si se utilizara un sistema de
separacion de char, el inventario de solidos eeagtor de reduccién se reduciria (ver
Figura 4.10), pero esta reduccion se veria amadigpor la cantidad de sélidos que
serian necesarios emplear en el pragidoon strippey junto al aumento de costes de

mantenimiento y de operacién de un nuevo reacttea® fluidizado en el sistema.

Por otro lado, para el carbon bituminoso es nei@etaimplementacion de un sistema
de separaciéon de char en el sistema si se quidileraruvalores de inventarios de
sélidos similares al lignito. Asi, umarbon stripper con una eficacia del 75%,
conseguiria una eficacia de captura de, @€l 95% con 500 kg/M\\en el reactor de
reduccion. En este caso, la reduccion tan elevabankentario de sélidos en el reactor
de reduccién si que seria ventajosa, ya que mubaplemente, la suma de los
inventarios de sélidos en el sistema de separat@échar y en el reactor de reduccion
seria inferior al inventario necesario en el read® reduccion sin etarbon stripper

(>1700 kg/MW a 925 °C) para obtener una eficacia de captu@esimilar.
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5 Conclusiones
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Seleccion del transportador de oxigeno

Durante el desarrollo de esta Tesis Doctoral sdizéeauna intensa campafia
experimental para profundizar en el conocimiemtors el proces@€hemical-Looping
with Oxygen UncouplingCLOU). Para ello se prepararon y caracterizar@s oe 50
transportadores de oxigeno por diferentes métodmmydiferentes composiciones. En

todos ellos se ha usado como fase activa 6xidoliec

Tras la investigacion realizada se concluyd quenaterial con un 60% de CuO y como
soporte inerte un 40% de MgA&l, preparado por un método de preparaciéon industrial
como es ebpray dryinges adecuado para su uso como transportador denaxpgra el
proceso CLOU. Este material cumplia todos los s8tps necesarios para el proceso
CLOU: alta reactividad, alta velocidad de genenaaié oxigeno, alta resistencia a la

aglomeracion y baja velocidad de atricion.

Se analizé la capacidad de generacion dey @e regeneracion del transportador de
oxigeno (sin combustion de carbdn) del transportdeooxigeno seleccionado en una
planta consistente en dos lechos fluidizados intexctados: el reactor de reduccion y el
de oxidacion. Se encontrd6 que el transportador xigeno era capaz de producir
oxigeno en el reactor de reduccion en condicioeesgdilibrio en todas las condiciones
operacionales analizadas, incluso cuando las ceioves del transportador de oxigeno
eran altas. Respecto a la oxidacion en el reaatopxddacion se encontré que el
transportador de oxigeno era capaz de regenerars@eineamplio intervalo de

temperaturas y con concentraciones de oxigenor@sca equilibrio termodinamico.

Este hecho facilitaria la integracion energéticireetos dos reactores, debido a la
flexibilidad para seleccionar la temperatura ereattor de oxidacion. De este modo, el
material Cu60MgAI_SD, mostré excelentes cualidadesa ser usado como

transportador de oxigeno en el proceso CLOU cambcar

Combustion con carbon en un lecho fluidizado disooo

El transportador de oxigeno seleccionado mostré gnaa capacidad para quemar
combustibles sélidos, debido a su elevada velocikadyeneracion de oxigeno. La
velocidad de generacion de oxigeno esté relaciocadal inventario de solidos en el
reactor de reduccion del proceso CLOU. Se ideatifioc tres regiones operativas

dependiendo del inventario de sélidos y la tempeaat
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La Regiéon | con inventarios de solidos superiored8a kg/MW,; para una
temperatura del reactor de reduccion de 955°C asxcterizaba porque no habia
compuestos inquemados en los gases de salidaagébrelos Unicos productos de
la combustion eran Gy H,O junto con un exceso de,l cual estaba cercano a
la concentracion de equilibrio. En esas condicipfeesoncentracion de oxigeno a
la salida del reactor aumentaba con la temperatura.

La Region |l estaba confinada para valores de iavende solidos entre 32 y 58
kg/MW,, donde en los gases de salida del reactor se teaban tanto CO como
O, junto al CQ, siendo este el producto principal de la combustil CO fue el
anico producto inquemado presente en los gasesjatlprocedia de la oxidacion
incompleta de los volatiles. No obstante con ureimario minimo de 43 kg/MW
habia suficiente oxigeno en el gas para convertC@ a CQ en los gases de
combustion.

La Regién lll se caracteriza por la ausencia dgend en los gases de combustiéon
y la presencia de cierta cantidad de CO inquemBdoesta region se obtuvo la
méxima velocidad de generacion de oxigeno, la@uaentaba de 2.1-2@& 930°C

a 2.8:10 kg OJfs por kg de transportador de oxigeno a 980°C. Ratas
velocidades de generacion de oxigeno se estim&lgueentario de transportador
de oxigeno necesario pasaba de 39 a 930°C a 2%kgiM80°C.

La velocidad maxima de generacion de oxigeno otéemion carbon era mayor

(aproximadamente el doble) que la velocidad obtenithndo se quemaba char, debido

a la reaccion directa gas-sélido entre los vokitidel carbon y el transportador de

oxigeno. De este modo, los resultados obtenidogkomar fueron representativos de la

velocidad de liberaciébn de oxigeno gaseoso desslepdaticulas de transportador,

mientras que los experimentos realizados con cgpbdrian también incluir una rapida

velocidad de reaccidon gas-sélido entre los voktdel carbon y las particulas con la

reduccion directa del CuO.

Demostracién del proceso CLOU en continuo

Se ha demostrado la viabilidad del proceso CLOU @ambustibles sélidos. Este es

uno de los principales logros de esta Tesis Doct®ara ello, se utilizo el material

previamente seleccionado (Cu60MgAl_SD) en una plat continuo de 1.5 kW
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consistente en dos lechos fluidizados interconestatbnstruida en el Instituto de
Carboquimica para la combustion de carbon con apde CQ. En una primera
campafia experimental se obtuvo una exitosa operatiéante 18h de combustién y
30h de operacion a altas temperaturas, usandorcadmdo combustible. Se investigé el
efecto de las condiciones de operacién (como lpéeatura del reactor de reduccién, la
velocidad de circulacion de soélidos y la velocididalimentacion de carbén) sobre las
eficacias de combustion y de captura de,COe determiné6 que se requieren
temperaturas superiores a los 900°C en el reaaoreduccién para obtener los
beneficios del efecto CLOU. En el intervalo de tenapuras utilizado (900-960 °C), el
transportador de oxigeno mostrd una excelenteidati\para el proceso CLOU.

En ningln caso se detectaron compuestos inqueneados gases de salida del reactor
de reduccién, siendo GQ H,O los Unicos productos de la combustion, inclusndo
las particulas del transportador de oxigeno estaliamente convertidas. Ademas, se
encontré Q junto al CQ en los gases de combustion a la salida del realzor
reduccion, con lo que el reactor de reduccion dyzeem la Region | del proceso CLOU,
descrita anteriormente. Esta concentracion dea@nentaba con la temperatura del
reactor de reduccion, y siempre se encontraba aneotraciones cercanas a la de

equilibrio a cada temperatura.

En todos los experimentos se obtuvieron eficactasaptura de COmuy altas, siendo
siempre superiores al 95%. Ademas, la eficaciaagéuca de C@dependia fuertemente
de la temperatura del reactor de reduccion. Aséfitacia de captura de G@Qumentd
del 97% a 900°C hasta el 99.3% a 960°C. Estas dfitzecias de captura de ¢€Ge

debian a la rapida conversion del char en el redetoeduccion.

La velocidad de circulacion de sélidos afectd demfp importante a la eficacia de
captura de C® Un aumento de la velocidad de circulacién deslaiglos producia un
descenso de la conversion del char en el reactoedieecion y, por lo tanto, la eficacia
de captura de CQlescendia debido a una reduccion del tiempo dderasa medio de
los sélidos en el reactor. Se encontré que erasadceun tiempo de residencia por
encima de 300 s en el reactor de reduccion paemebtina conversion del char sobre el

97% a 900°C con el carbdn utilizado.

181



Por el contrario, la velocidad de alimentacion dd6n no afectaba significativamente
a la eficacia de captura de g@ebido a que el tiempo de residencia de los a®koh el
reactor de reduccion no variaba. No obstante, ureato del flujo de carbén afectaba al
inventario de soélidos en kg/MVén el reactor de reduccion. Incluso con el invémide
sélidos mas bajo usado en el reactor de reduc@d0 kg/MW), se obtenia una

conversiéon completa del combustible, junto consadtiicacias de captura de €O

Estos resultados demostraron por primera vez détetatura la viabilidad del proceso
CLOU utilizando un transportador de oxigeno de 29® en una planta en continuo
de 1.5 kW.

Efecto del tipo de carbon

A continuacion se estudio el efecto de las caritiess del combustible sobre el
rendimiento del proceso CLOU. Para ello se utibnacarbones de diferente rango: un
lignito, dos bituminosos y una antracita. Se llemaa cabo un total de 40 horas de
operacién, durante las cuales la temperatura detoede reduccion se varié entre 900
y 950°C.

Independientemente del tipo de carbdn se obtuvdastion completa a GG H,O sin
presencia de compuestos inquemados, con un exee€p eh los gases de salida del

reactor de reduccion.

El rango del carb6n mostré un importante efectaesdd eficacia de captura de €0
Las eficacias de captura de £f@eron muy altas para el lignito y el carbon biinioso
medio en volatiles, alcanzandose valores del 99®6@C con el lignito. Por el
contrario, para carbones poco reactivos (carbénmiitoso bajo en volatiles y la
antracita) seria necesario un sistema de reciiduaglectiva de chacarbon strippey

para alcanzar altos valores de eficacia de capei@Q.

Combustion de biomasa por el proceso CLOU
Hasta el momento solo se habian probado combustibsiies en el proceso CLOU.
Sin embargo los combustibles renovables, y masretamente la biomasa, tienen unas

propiedades muy interesantes a la hora de suadiim como combustible en el
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proceso CLOU. Esta Tesis Doctoral presenta las gvam horas experimentales

guemando biomasa mediante el proceso CLOU en aigpéan continuo de 1.5 kW

Se logré combustiéon completa de la biomasa comaiseée alquitranes en la salida de
reactor de reduccion, junto a una eficacia de capta CQ del 100%. Esto demuestra

que aun con el alto contenido en volatiles de lamisa, estos se quemaban
completamente en el reactor de reduccioén, lo cealwstra un buen contacto entre los
volatiles y el transportador de oxigeno. Se endogtre la velocidad de conversion del

char de biomasa en el proceso CLOU es alta y simila obtenida para el lignito.

La combustién de biomasa por el proceso CLOU dexéess ventajas del proceso para

su aplicacion industrial con emisiones negativa€0g

Efecto del azufre del combustible en el proceso CLO

El disefio de una planta industrial con captura @& Quede verse afectado por la
presencia de compuestos de azufre presentes emblstible. En un sistema CLOU,
la presencia de azufre puede originar emisione$S@e a la atmdésfera, problemas
operacionales o afectar a la calidad deb €@pturado. La operacion en continuo en la
planta de 1.5 k\Wguemando lignito con alto contenido en azufre%d,2emostrd que
la mayoria del azufre presente en el carbon sealilaecomo S@en el reactor de
reduccion. No obstante, una fraccion menor se fedasal reactor de oxidacion,
encontrandose que las emisiones normalizadastméstera serian superiores a los 200
mg/NnT, limite establecido por la UE. Estas emisionesatsbuyen a la liberacién no
uniforme del S@ durante la combustion del char, resultante derdagmcia de azufre

piritico en el carbén (2%).

Caracterizacion del transportador de oxigeno
Tras 40 h de operacion en continuo quemando distiipos de carbones, el
transportador de oxigeno mantuvo su reactividad gatenido en CuO. Ademas, el

transportador de oxigeno no mostré ningun probléenaglomeracion.

No obstante, se encontré una importante reduccgiadesistencia mecanica de las
particulas relacionada con un aumento de la padsidurante los experimentos

realizados en la planta en continuo. Este hechieangue es necesario una mejora de
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las propiedades mecanicas del transportador deemxique aumenten su tiempo de
vida medio junto a la necesidad de preparar pdasaue sean facilmente separables de

las cenizas.

Evaluacién comparativa entre los procesos CLOU iGC

Utilizando datos de la literatura se realizé unanparacion entre los procegd-CLC y
CLOU en la combustién de combustibles solidos darilares combustibles y en la
misma planta piloto. Se encontré6 que con el prod8E@U se obtienen mayores
eficacias de combustion y mayores eficacias deucapte CQ para todos los
combustibles sélidos estudiados y con menores tavies de sélidos. Estos resultados
son debidos a dos causas fundamentales: la mejdrusiion de los volatiles con eLt O
gaseoso generado por el transportador de oxigernia ynayor velocidad de conversion
del char con el @gaseoso frente a la gasificacion coy®HLa velocidad de conversion
de char en el proceso CLOU era entre 1.5 y 4 vegpsrior a la obtenida con i€b-
CLC en funcién del combustible usado.

Modelado del proceso CLOU

Para poder desarrollar el modelado del processtselié la cinética de las reacciones
de reduccion de CuO a € y su oxidacion para el transportador de oxigeno
Cu60MgAl_SD mediante termogravimetria. Los paraogetcinéticos se obtuvieron
utilizando un modelo de nucleacién para la variadé la conversion del sélido con el
tiempo con control cinético en la superficie de jasticulas, junto con un modelo
mecanistico del tipo Langmuir-Hinshelwood con iswi@ de Freundlich para la
adsorcion/desorcion de;QOCon este modelo y los pardmetros cinéticos détedns, se
obtuvo un buen ajuste de los resultados experitgsntn un amplio intervalo de
concentraciones de,Q de temperaturas, incluso cuando la concentrab@d@ estaba

muy cercana a la de equilibrio.

Se desarroll6 un modelo simplificado utilizando dmética determinada para el
transportador de oxigeno Cu60MgAl_SD con el obgetie determinar los parametros
basicos del disefio y el efecto de las condiciomesparacion del proceso CLOU sobre

la eficacia de captura de GO
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Se determind que el inventario minimo de sélidosesario para transferir el oxigeno
demandado para la completa combustién del carl@deed 60 kg/MWen el reactor de
reduccion y 95 kg/MW en el reactor de oxidacién a 950°C y una velocidad
circulacién de sélidos de 16 kg por MW,. El modelo permite evaluar el efecto del
inventario de soélidos sobre la eficacia de captier&Q para distintos combustibles. Se
determiné que la eficacia de captura de,Q@@pende de forma importante de la
reactividad del combustible sélido, de la velocid#al circulacién de sdlidos y del

inventario de sélidos en el reactor de reduccion.

Asi, para carbones altamente reactivos (carbOmhbitso alto en volatiles y el lignito),
es posible alcanzar alta eficacias de captura de(€4%%) con 700 kg/MWa 925°C.

Sin embargo, para carbones poco reactivos, comoadddén bituminoso bajo en
volatiles, son necesarios inventarios de 1700 kg{MMafa logar altas eficacias de
captura de C®a 925°C. Sin embargo, utilizando carbon strippercon una eficacia
del 75% se lograria reducir el inventario necesarib00 kg/MW. Estos resultados
resaltan la necesidad de usar un sistema de s&panracecirculacion del char con
carbones poco reactivosarbon strippeyr con el que se podrian alcanzar eficacias de

captura de COmayores del 95% con bajos inventarios de soélidos.

Analizando los resultados mostrados en esta Testsobal, se puede concluir que se
pueden obtener excelentes resultados respecto efi@ias de combustion y de
captura de C®@en el proceso CLOU para la combustion de carbbimmasa con bajos
inventarios de un transportador de oxigeno basadaSuO. De este modo, el trabajo
futuro nos anima a seguir con el desarrollo despartadores de oxigeno adecuados
para su uso en CLOU, con una mejora en el tiempdddede las particulas. Ademas,
los parametros cinéticos obtenidos junto a la h@eata de simulacion desarrollada,
configuran un til instrumento de disefio y optingida para el proceso CLOU.
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6 Acronimos, notaciones y simbolos
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Simbolos

O, ,Red

QO

=
E>

Eo
EOX

ERed

Fi

fc fix
fc.sr
fcvol
fi
fhic
forc

fS,char
K1

K>

Ka

Sitios activos en la superficies de las partic(Has
Concentracién de carbono en el reactor de redu¢nioh s%)
Concentracion de carbono en el carbén (k) kg
Concentracién de carbono en el carbono fijo &g) k

Concentracién de oxigeno (mol’n

Concentracién de oxigeno en condiciones de éagail{mol- n®)
Concentracién de oxigeno durante la reacciérxiaoion (mol-nr)
Concentracién de oxigeno durante la reacciéredeccion (mol- i)

Constante de la velocidad de adsorciért{nol*)*"

Factor pre-exponencial de la constante de veldadi@sadsorcion
((m*mor’)*"

Energia de activacién global (J- fpIEcuacién (4.1)

Energia de activacion cinética (J- oEcuacion (4.2)

Energia de activacion del parametr@- mot)

Energia de activacion de la reaccién de combusti char (J- md)
Energia de activacion de la reaccién de oxidaglémot?)
Energia de activacion de la reaccién de redugdidnotl)
Energia de activacion termodinamica (J MoEq. (4.3)

Flujo molar del compuesto i (moft)s

Fraccion masica de carbono fijo en el carbén (-)

Fraccion mésica de carbono en el combustibldadh

Fracciébn masica de carbono en los volatiles (-)

Fraccion masica del elemento o componente i earebn (-)
Ratio molar hidrégeno-carbono en el combusii)le

Ratio molar oxigeno-carbono en el combustible (-

Fraccion mésica de azufre en el char (-)

Constante de equilibrio de la descomposicion quargiadsorcion del ©

)

Constante de equilibrio de la desorcion dgb@sorbido (-)
Constante de equilibrio de la adsorcion dgk@bre la superficie del
Cw0 (-)

Constante de equilibrio de la oxidacion de@a CuO (-)
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kChar

ka
ko

Kox

kRed

kChar,O

K’ Ox

K’ Red

K’ ox,0

K'Red,0

M;

My

rnC,RR

Mchar

Mro
Mro

Parametro cinético para el proceso de simulasidn Ecuacion (4.28)
Constante de la velocidad de la reaccion quinhécka combustion del
char (8"), Ecuacién (4.42)

Constante cinéticats Ecuacion (4.2)

Constante cinética (famol™*- s%), Ecuacion (4.3)

Constante de la velocidad de la reaccion quimet@bceso directo en
el equilibrio CuO-CpO (mol- m? s%)

Constante de la velocidad de la reaccion quithétgproceso inverso en
el equilibrio CuO-CgO (5%

Constante de la velocidad de desorcién dedd3orbido (3)

Constante de la velocidad de adsorcién ded@bre la superficie del
CwO (sh)

Constante de la velocidad de reaccidon quimicalpasaidacion de GO
en CuO (kg-mi-s?)

Constante de la velocidad de reaccién quimica lgareducciéon de CuO
en CuO (kg-m*s?

Factor pre-exponencial de la constante de la widaicde la reaccion
quimica de la combustién del char’fmol™*-s%)

Constante efectiva de la velocidad de reacciémiga para la oxidacion
de CuO en CuO ((m mort)¥". st

Constante efectiva de la velocidad de reacciémiga para la reduccion
de CuO en GO (s}

Factor pre-exponencial de la constante de la wadalcde la reaccion
quimica de la oxidacién de @ a CuO ((m mort)*" s%)

Factor pre-exponencial de la constante de la wadaicde la reaccion
quimica de la reduccién de CuO a,0ys?)

Peso atémico o molecular del elemento o compuédkgp mol*)

Masa de la muestra a cada tiempo en la TGA (kg)

Flujo masico de combustible alimentado al readeoreduccion (kg™§
Inventario de carbono en el reactor de reducignVWi, )

masa de char en la carga de combustible (kg)

Velocidad de circulacién de sélidos (K&-8Wi™)

Inventario de transportador de oxigeno en eltoegkq)
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Mro,
Mox

Myed
N
No,
n
.
Y

Ry

Ro
Reo
(o)

(_I’O2 )Char
(_rO2 )gas
('ro2 )TO

r

0,,0x

O,,red

(_I’O2 ) vol
(rox)To0
(-rredTO
Sash

SCZuO
T

t
tc

Inventario de transportador de oxigeno en eltoeac¢kg- MW, ™)

Masa de la muestra de transportador de oxigenpletmmente oxidada

(kg)

Masa de la muestra de transportador de oxigenpletaimente reducida
(kg)

Orden de la reaccion de nucleacion (-)

Moles de oxigeno que puede liberar el transportdd oxigeno (mol)
Orden de la reaccion Langmuir-Hinshelwood (-)

Orden de reaccion (-)

Orden de reaccion para la combustién de char (-)

Constante de los gases (8.314 J- k™)

Capacidad de transporte de oxigeno del é6xidolimetd)

Capacidad de transporte de oxigeno del transjmrtie oxigeno (-)
Velocidad de conversién del char (%) s

Velocidad de consumo de oxigeno por parte del @Har

Velocidad de liberacién de oxigeno en la corriefgeas (3)

Velocidad de generacién de oxigeno por el trartagdor de oxigeno (3
Velocidad de consumo de de oxigeno en la oxida@&giO,/s por kg de

transportador de oxigeno)

Velocidad instantanea de generacion de oxigenoQig por kg de

transportador de oxigeno)

Velocidad de conversién de los volatileg)(s

Velocidad de oxidacién del transportador de axéges?)

Velocidad de reducion del transportador de oxigstip

Azufe en las cenizas (kg/s)

Area superficial especifica del CuO%g™)

Temperatura (K)

Tiempo (s)

Tiempo de reaccion necesario para alcanzar la ledanponversion del

transportador de oxigeno (s)
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char

g,in

X X X X

g,out

X Red jnRR

Red

Ox
Xc,i
XMeO
Y,
Yi,outRR

yi,outRO

AX

g

AXro

Tiempo de residencia promedio de las particuéash@r en el reactor de
reduccion (s)

Tiempo de residencia promedio de las particulstrdnsportador de
oxigeno en el reactor de reduccion (s)

Conversion del solido (-)

Conversion instantanea del sélido (-)

Conversion del sélido final (-)

Conversion del char (-)

Conversion del gas en el reactor de oxidacion (-)

Conversion del gas en el flujo de entrada altogate oxidacion (-)
Conversion del gas el flujo de salida del readwoxidacion (-)
Conversion media de reduccion del transportadaxdgeno a la entrada

al reactor de reduccion (-)

Conversion de reduccion del transportador deemdd-)
Conversion de oxidacion del transportador de enxig(-)

Fracciébn masica de carbono en los solidos emaetor (-)

Fraccion de 6xido metélico activo en el trantgabor de oxigeno (-)
Fraccion molar del compuesto i (-)

Fraccion molar del gas i en los gases de saétieedctor de reduccion(-)
Fraccion molar del gas i en los gases de saétieedctor de oxidacion(-)

Variaciéon de la conversion de los gases (-)

Variacion de la conversion del transportador xigeno (-)

Letras griegas

Nee
Nssc
Ncomb RR
Yeo,

\Qjcg,ave
A

Eficacia de captura de GQ)

Eficacia del sistema de separacion de char (-)

Eficacia de combustidon en el reactor de reducGi)dn
Rendimiento a C&X-)

Rendimiento a C@promedio (-)

Ratio de exceso de aire (-)
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V.

atricion

Qsr

Acrénimos
AV
ASTM
BET
BV
CAC
CFB
CLC
CLOU
EOR
EEUU
GN

LF
LFD
IEA
IPCC
MV
PCI
RO
RR
SD
TGA
TO
UE
WGS
XRD

Velocidad de atricion (%/h)
Ratio transportador de oxigeno/combustible (-)

Fraccién de sitios activos ocupados pe(-p
Masa estequiométrica de Par convertir 1 kg de carbén (kgRg

Conversion masica del transportador de oxigeno (-

Carbon Bituminoso Alto en Volatiles

Sociedad Americana para Pruebas y Materiales
Brunauer-Emmett-Teller

Carbén Bituminoso Bajo en Volatices

Captura y Almacenamiento de £0

Caldera de Lecho Fluidizasdo Circulante
Chemical Looping Combustion

Chemical Looping with Oxygen Uncoupling

Estados Unidos de America

Gas Natural

Reactor de Lecho Fijo

Reactor de Lecho Fluidizado Discontinuo
Agencia Internacional de la Energia
Panel Intergubernamental para el Cambio Gibma
Carbdn Bituminoso Medio en Volatiles
Poder Calorifico Inferior (kJ- Ry

Reactor de oxidacion

Reactor de reduccion

Spray drying

Termobalanza

Transportador de oxigeno

Union Europea

Water gas sift

Difractometro de rayos-X
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Subindices
C,char
C,coal
C,vol
iNRO
INRR
RO
RR
TO
outRO
OoutRR
Ox
Red

Carbono en el char

Carbono en el carbon

Carbono en los volatiles

Corriente de entrada del reactor de oxidacion
Corriente de entrada del reactor de reduccion
Reactor de oxidacion

Reactor de reduccion

Transportador de oxigeno

Corriente de salida del reactor de oxidacion
Corriente de salida del reactor de reduccién
Reaccion de oxidacion

Reaccion de reduccion
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The Chemical-Looping with Oxygen Uncoupling (CLOU) process is a Chemical-Looping Combustion (CLC)
technology that allows the combustion of solid fuels with inherent CO, separation using oxygen carriers.
This technology has low energy penalty for CO, separation and thus low CO, capture costs. The CLOU pro-
cess is a new option, when the direct use of a solid fuel in a CLC technology is considered. The CLOU pro-
cess uses oxygen carriers based on some metal oxides that have the capability to evolve gaseous oxygen
at high temperatures. The oxygen generated by the metal oxide reacts directly with the solid fuel, which
is mixed with the oxygen carrier in the fuel reactor. The selection of a suitable oxygen carrier is a key fac-
Oxygen carrier tor for the CLOU technology development. The aim of this work was to produce and characterize oxygen
Carbon capture carrier materials based on CuO with high oxygen transfer capability, high oxygen generation rates and
Coal good fluidization properties. Several oxygen carriers were prepared with different CuO contents, inert
supports and preparation methods (incipient wet impregnation, mechanical mixing following by pellet-
izing by extrusion, or pelletizing by pressure). The reaction rates for oxygen generation (reduction) and
regeneration were determined carrying out successive cycles in a TGA system. In this way, it was deter-
mined the chemical suitability of the materials. Selected oxygen carriers were tested by redox cycles in a
batch fluidized-bed reactor working at different temperatures and reacting atmospheres. The fluidization
behavior against agglomeration and attrition during a high number of cycles was determined. Oxygen
carriers with 60 wt.% of CuO on MgAl,0,4 and with 40 wt.% CuO on ZrO, prepared by mechanical mixing

Keywords:
CLOU

following by pelletizing by pressure were identified as suitable materials for CLOU process.

© 2012 Elsevier Ltd. All rights reserved.

1. Introduction

In order to stabilize the CO, concentration in the atmosphere
between 450 and 750 ppm CO, several measures must be taken.
Among them Carbon Capture and Storage (CCS) would contribute
with 15-55% to the cumulative mitigation effort worldwide until
2100 [1]. CCS is a process involving the separation of CO, emitted
by industry and energy-related sources, and the storage for its iso-
lation from the atmosphere over a long term. Chemical-Looping
Combustion process (CLC) has been suggested among the best
alternatives to reduce the economic cost of CO, capture using flue
gas [2] and to increase the efficiency with respect to other CO, cap-
ture process [3]. In this process, CO, is inherently separated from
other combustion products, N, and unused O,, through the use
of a solid oxygen carrier and thus no energy is expended for the
separation. The CLC process has been demonstrated for combus-
tion of gaseous fuel such as natural gas and syngas in 10-140 kW,
units using oxygen carrier materials based on Ni [4,5], Cu [6], Fe

* Corresponding author. Tel.: +34 976 733977; fax: +34 976 733318.
E-mail address: pgayan@icb.csic.es (P. Gayan).

0016-2361/$ - see front matter © 2012 Elsevier Ltd. All rights reserved.
doi:10.1016/j.fuel.2012.01.021

[7,8]. All these oxygen carriers have been reviewed in Addnez
et al. [9]. However, solid fuels are considerably more abundant
and less expensive than natural gas, and it would be highly advan-
tageous if the CLC process could be adapted for these types of fuels.
One option to use solid fuels in a CLC process is to use syngas from
a previous gasifying stage in the fuel reactor. In this technology, it
is necessary to use pure oxygen for the gasification of the solid fuel.
This stage has a significant energy penalty due to the oxygen sep-
aration from the air. A second option of development is the Chem-
ical-Looping Coal Combustion, where the solid fuel is directly
introduced to the fuel reactor. The solid-solid reaction between
the char and the metal oxide is not very likely to occur at an appre-
ciable rate in a fluidized bed [10] and the in situ gasification of
solid fuel followed by combustion of products (IG-CLC), has been
proposed as a solution, where the conversion of solid fuel goes
via a gasifying agent, e.g. H,0. Because of the slow gasification
reaction rate, a carbon stripper is necessary to separate the unre-
acted char particles from the oxygen carrier, before it is regener-
ated with air, to avoid CO, emission in this reactor [11,12]. To
increase the gasification rate, temperature higher than 1000 °C
has been proposed in the fuel reactor [13]. As partial loss of oxygen
carrier in the purge stream of ash particle is likely to occur, low
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cost materials are preferred in this CLC option, e.g. ilmenite, hema-
tite or anhichite [14-17].

In order to overcome the low reactivity of the char gasification
stage in the direct solid fueled Chemical-Looping Combustion, an
alternative process was recently proposed [18,19]. The Chemical-
Looping with Oxygen Uncoupling (CLOU) process is based on the
strategy of using oxygen carriers which release gaseous oxygen
in the fuel reactor thereby allowing the solid fuel to burn with
gas phase oxygen. In this way, the slow gasification step on the di-
rect solid fuel Chemical-Looping Combustion is avoided, giving a
much faster solid conversion [19,20]. In the CLOU process, the flu-
idization gas can be recycled CO,, reducing in this way the steam
duty of the plant and associated energy penalties.

Fig. 1 shows a schematic diagram of a CLOU system. In the fuel
reactor CO, and steam are produced by different reactions. First the
oxygen carrier releases oxygen according to:

2Me,0, > 2Me,0, 1 + 0, (1)

and the solid fuel begins devolatilization producing a solid residue
(char) and volatile matter as a gas product:

Coal — Volatile matter + char (2)

Then, char and volatiles are burnt as in usual combustion
according to reactions (3) and (4):

Char + 0, — CO, 3)
Volatile matter + 0, — CO, + H,0 (4)

After steam condensation, a pure CO, stream can be obtained.
The reduced oxygen carrier is transported to the air reactor, where
the oxygen carrier is regenerated to the initial oxidation stage with
the oxygen of the air, and thus becomes ready for a new cycle. The
exit stream of the air reactor contains only N, and unreacted O,.
Therefore CLOU process has a low energy penalty for CO, separa-
tion and low CO, capture costs are expected. The heat release over
the fuel and air reactors is the same as for conventional
combustion.

The possible metal oxides that have the property of release oxy-
gen are limited; moreover, this O, release must be reversible in or-
der to oxidize the oxygen carrier in the air reactor. Thus a special
requirement is needed for the oxygen carrier to be used in the
CLOU process in comparison to oxygen carriers for normal CLC,
where the fuel must be able to react directly with the oxygen car-
rier without any release of gas phase oxygen. Only those metal oxi-
des that have a suitable equilibrium partial pressure of oxygen at
temperatures of interest for combustion (800-1200 °C) can be used
as CLOU oxygen carriers. Three such metal oxide systems have
been identified: CuO/Cu,0, Mn,03/Mn304, and Co304/CoO [19].
These systems can release oxygen in the gas phase through the fol-
lowing reversible reactions:

Air Fuel
Reactor

Reactor

4Cu0 — 2Cu,0 + 0, (g) AHgso = 263.2 kj/mol O, (5)
6MH203 — 4MH304 + 02 (g) AHgso =1939 k]/mol 02 (6)
20504 — 6C00 + 0, (g) AHgso = 408.2 kj/mol O, @)

Although the transport capacity of the cobalt oxide is high (6.6 g
0,/100 g Cos304), the great endothermicity of the reaction (7)
makes this metal oxide hardly attractive for the CLOU process.
The most promising metal oxide systems for the CLOU process
have found to be CuO/Cu,0 and Mn,03/Mn304 [19].

Table 1 shows the different oxygen carriers developed for the
CLOU process found in the literature. Mn-based oxygen carrier par-
ticles have been prepared by mixing Mn,03; with different materi-
als, as Fe,03, NiO and SiO,. Shulman et al. [21] found some Mn/Fe
oxygen carriers with very high reactivity towards methane, a qual-
ity that authors employ to open the possibility to combine benefits
of CLOU and CLC processes with gaseous fuel. Another Mn-based
oxygen carrier with a spinel perovskite-like structure is CaMng g75.
Tip.12503 [24,25]. In this case, the oxygen transport capacity is im-
proved due to the inclusion of Ca and Ti in the metal structure
allowing Mn,03 reduction to MnO. Uncoupling properties of this
oxygen carrier were tested in continuos experiments [25] showing
the oxygen release at temperatures higher than 720 °C with an
oxygen concentration around 4% at the fuel reactor outlet at
950 °C. This oxygen carrier was also tested in a continuously oper-
ated CLC system for natural gas which includes both CLOU and
standard CLC by Mn oxides during 70 h. During these experiments
oxygen carrier presented a combustion efficiency about 99.8% for
natural gas at 950 °C using bed inventories of 1900 kg/MWy, of
which about 30% was located in the fuel reactor. [25].

Copper has the highest oxygen transport capacity (10g O,/
100 g CuO compared to 3 g 0,/100 g Mn,03) and the reaction with
C is exothermic in the fuel reactor, as shown in reaction (8). Fig. 2
shows the partial pressure of oxygen as a function of temperature
for the CuO/Cu,O and the CuAl,04/CuAlO, systems, calculated
using HSC software [27] and data from reference [28], respectively.
CuAl,04 was also included because this compound can be formed
when Al,Os is used as supporting material. The oxygen concentra-
tion at equilibrium conditions greatly depends on the temperature.
An equilibrium concentration of 1.5 vol.% O, can be reached in the
fuel reactor at 900 °C for CuO/Cu,O system, whereas the equilib-
rium concentration increases up to 12.4 vol.% at 1000 °C. Moreover,
it is desirable to have a low concentration of oxygen from the fuel
reactor in order to obtain a high purity CO, stream. In the air reac-
tor, the metal oxide is stable below 950 °C if the maximum oxygen
concentration from the air reactor is 4.5 vol.%.

4Cu0 + C — 2Cu;0 + CO;  AHgsp = —133.8 kJ/mol O, (8)

Mattisson et al. [19,26] developed oxygen carriers with 60 and
40 wt.% of CuO. Cyclic testing with solid fuels verified that oxygen
was released close to the equilibrium pressure in the temperature

CO; + H,O CO gy CO,

Condenser

Fig. 1. Schematic diagram of the CLOU process.
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Table 1

Oxygen carriers in the literature for CLOU process.
MeO (wt.%) Other metal (wt.%) Support material Preparation method?® Facility® Reference
Mn;04 (80) Si0, FG bFB [21]
Mn304 (80-20) Fe,05 (20-800) FG and SD bFB, CLC [21-23]
Mn;04 (80) NiO (20) FG bFB [21]
Mn-ore bFB [23]
CaMnog g75Ti12503 SD +FG TGA, bFB, CLC [24,25]
CuO (60) Al,03 FG bFB [19]
CuO (40) Zr0, FG bFB [26]
CuO (n.a.) SiO, na TGA, bFB [20]

¢ Key for preparation method: FG = freeze granulation, SD = spray drying, n.a. = non-available.
b Key for facility: CLC = continuously operated CLC system, bFB = batch fluidized bed, TGA = thermogravimetric analyzer.

Oxygen equilibrium (vol%)

O T T T T
850 900 950 1000 1050 1100

T (°C)

Fig. 2. Equilibrium oxygen concentrations over the CuO/Cu,0 and the CuAl,04/
CuAlO, systems as a function of temperature.

range of 880-985 °C, and the material could also be regenerated
close to equilibrium. When solid fuel particles were added to a
bed of oxygen carrier particles, a very rapid release of oxygen
and combustion of fuel started. Thus, the conversion rate of the
fuel could be increased by almost two orders of magnitude, com-
pared to coal gasification in a Chemical-Looping Combustion sys-
tem with steam [26].

Our research group at the Instituto of Carboquimica (CSIC) has
undertaken several studies using oxygen carriers based on copper.
These Cu-based oxygen carriers were, so far, developed for gaseous
fueled CLC. In those studies, the oxidized form was CuO, whereas
the reduced form was metallic Cu. In previous works, potential
Cu-based oxygen carriers were prepared using different supports
[29]. The effect of oxygen carrier composition and preparation
method on the reactivity and durability of the material was also
investigated in a TGA [30]. It was found that the optimum prepara-
tion method for Cu-based oxygen carriers was impregnation on a
support. Later, the preparation conditions and oxygen carrier char-
acteristics were optimized to avoid the agglomeration of the Cu-
based materials during their operation in a fluidized bed [31].
Based on these findings, an oxygen carrier was selected to test its
behavior in a 10 kW, CLC prototype using methane as fuel. The re-
sults obtained during 200 h of continuous operation were very suc-
cessful [6]. Additional work has been recently carried out to test
the behavior of this oxygen carrier in a CLC continuous unit of
500 Wy, using syngas as fuel [32] or methane containing variable
amounts of light hydrocarbons (LHC) or H,S [33,34]. From these
works, it was concluded that a Cu-based material containing
15 wt.% CuO impregnated on Al,0; was a promising material to
be used as oxygen carrier in CLC. Nevertheless, oxygen carriers
developed for CLC process should be tested for the specific charac-
teristics required for CLOU process. In this sense, a preliminary

development of suitable materials was carried out by Adanez-
Rubio et al. [35] for the CLOU process.

In this work, a full screening of several Cu-based oxygen carriers
prepared by different methods on several supports for the CLOU
process was carried out. The rate of oxygen release during oxygen
carrier reduction and the rate of oxidation were analyzed by TGA.
The fluidization properties of the materials such as attrition and
agglomeration were evaluated in a batch fluidized-bed reactor. Dif-
ferent operating conditions, such as temperature and oxygen con-
centration were tested and analyzed. Moreover, physical and
chemical characteristics of particles were also analyzed after con-
secutive redox cycles.

2. Experimental
2.1. Preparation of materials

Oxygen carriers were composed of copper oxide as oxygen
source for the combustion process, and an inert binder for increas-
ing the mechanical strength and improving the fluidization proper-
ties. Several oxygen carriers were prepared with different CuO
contents and using different supports: y-Al,03, a-Al,03, MgAl,04,
sepiolite, SiO,, TiO,, ZrO, and MgO. In addition different prepara-
tion methods were used.

2.1.1. Incipient wet impregnation

Commercial y-Al,03 (Puralox NWa-155, Sasol Germany GmbH),
o-Al,03 obtained by calcination of the y-Al,05 at 1150 °C during
2 h, and MgAl,0,4 (obtained by impregnation of y-Al,03; with mag-
nesium nitrate and calcinated at 800 °C) were used as support to
prepare oxygen carriers by incipient wet impregnation. o-Al;0s,
v-Al,05 and MgAl,0, particles had densities of 1300, 2000 and
1800 kg/m?> and porosities of 55.4%, 47.3% and 50.0%, respectively.
The particle size used was +0.1-0.3 mm. Cu-based oxygen carriers
were prepared by addition of a volume of an aqueous solution of
copper nitrate corresponding to the total pore volume of the sup-
port particles. The aqueous solution was slowly added to the sup-
port particles, with thorough stirring at room temperature. The
desired active phase loading was achieved by applying successive
impregnations followed by calcinations at 550 °C, in air atmo-
sphere for 30 min, to decompose the impregnated metal nitrates
into insoluble metal oxide. Finally, the oxygen carriers were sin-
tered for 1 h at 850 °C. Oxygen carriers with different copper con-
tents were prepared ranging from 15 wt.% (1 impregnation step) to
33 wt.% (3 impregnation steps).

2.1.2. Mechanical mixing followed by pelletizing by extrusion

The oxygen carriers were prepared from commercial pure cop-
per oxide as powder of particle size <10 um (Panreac, PRS). Al,03
(Sigma Aldrich, purum), sepiolite (Mg4SigO,5(OH),-6H,0, Panreac,
QP), SiO, (Sigma Aldrich, purum), TiO, (Sigma Aldrich, purum) or
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Zr0, (Sigma Aldrich, purum) were used as inert materials. Graphite
(Sigma Aldrich, purum, d,: 1-2 pm) as a high-temperature pore
forming additive was also added during preparation. A powder
mixture including the active metal oxide and the inert in the de-
sired concentration, and 10 wt.% of graphite, was converted by
water addition into a paste of suitable viscosity to be extruded in
a syringe, obtaining cylindrical extrudates of about 2 mm diameter.
These extrudates were gently dried at 80 °C overnight, cut at the
desired length, and sintered at 950 or 1100 °C for 6 h in a muffle
furnace. The extrudates were ground and sieved to obtain the de-
sired particle size of 0.1-0.3 mm.

2.1.3. Mechanical mixing followed by pelletizing by pressure

The oxygen carriers were prepared from commercial pure cop-
per oxide as powder of particle size <10 um (Panreac, PRS). MgA-
1,04 (Baikowski, S30CR), sepiolite (Panreac, QP), MgO (Panreac,
PRS) or ZrO, (Sigma Aldrich, purum) were used as support. A pow-
der mixture including the active metal oxide and the inert in the
desired concentration, and 10 wt.% of graphite (Sigma Aldrich, pur-
um, dp,: 1-2 pm), was ball-milled for 2 h and pelletized by pressure
in a hydraulic press at 160 bar obtaining cylindrical pellets of about
1 mm in diameter. These pellets were calcined at different temper-
atures (950, 1100 or 1300 °C) to increase the mechanical strength
during 6 h. After that, pellets were crushed and sieved to obtain
the desired particle diameter (+0.1-0.3 mm). In some cases, the
graphite content was reduced to 0.5 wt.% and the calcination time
was extended to 12 h.

Table 2 shows all the oxygen carriers prepared with their main
properties, as the density and the mechanical strength of particles.
R is the oxygen carrier capacity of the oxygen carrier particles and
was calculated as:

Table 2

Moy — Mpeq
Ro=—"—"—" 9
¢ Mo ®)
mox being the mass of full oxidized oxygen carrier material, whereas
Myeq is the mass at the reduction state, i.e. when all the CuO was re-
duced to Cu,0. The oxygen generation rate, define in Eq. (12) was
also shown in Table 2.

2.2. Experimental set-up

2.2.1. Thermogravimetric analyzer

Multicycle tests to analyze the reactivity of the oxygen carriers
during successive reduction-oxidation cycles were carried out in a
TGA CI Electronics type described elsewhere [29]. The desired mass
of oxygen carrier (about 50 mg) was loaded in a platinum wired
mesh basket (14 mm diameter and 8 mm height) to reduce mass
transfer resistance around the solid sample. The sample was
heated to the set operating temperature in air atmosphere. After
stabilization, the experiment started by exposing the oxygen car-
rier to alternating inert and oxidizing conditions. The inert gas
was nitrogen and the gas used for oxidation was air, both flow
rates being 25 nL/h. The experiments were usually carried out at
1000 °C for the reduction and oxidation reaction. However, in some
cases other oxygen concentrations (4 or 11 vol.%) and oxidation
temperatures (900 or 950 °C) were used to analyze the oxidation
reaction in more detail. These temperatures were selected as a
function of the thermodynamic equilibrium of the CuO/Cu,0 sys-
tem, as shown in Fig. 2.

Initially, to establish whether thermodynamic limitations,
external film mass transfer and/or inter-particle diffusion were
affecting the reaction rate, the sample weight and the gas flow rate
were varied in the range of 40-100 mg and from 10-40 nL/h,

Physical properties and reactivity (ro, at 1000 °C in N;) of the oxygen carriers prepared by different methods.

Oxygen carrier Support Density of particle (kg/m>) Crushing strength (N) Ro (%) (ro,) x 10° ( kg0, )
2 s-kgOC
Incipient wet impregnation
Cul15y-Al_I850 v-Al,05 1600 25+£05 1.5 0.64
Cu33y-Al_I850 v-Al,04 1900 3.0+04 33 1.03
Cul5a-AI_I850 o-Al;03 2200 4.6+0.5 15 0.52
Cul15MgAl_I850 MgAl,04 1900 2.1+£03 1.5 1.32
Cu21MgAl_I850 MgAl,04 2000 0.8+0.2 2.1 1.25
Mechanical mixing following by pelletizing by extrusion
Cu60AI_E1100 Al,05 3000 <0.5 6 1.67
Cu80AI_E1100 Al,05 3900 26+05 8 0.99
Cu80Se_E950 Sepiolite 2300 0.8+0.3 8 1.76
Cu60Si_E950 Sio, 2000 1.1+0.2 6 1.43
Cu80Si_E950 Sio, 2900 09+0.2 8 1.75
Cu40Ti_E950 TiO, 3400 23104 4 1.19
Cu60Ti_E950 TiO, 4000 22+02 6 -
Cu80Ti_E950 TiO, 5200 22+04 8 0.64
Cu60Zr_E950 Zr0, 3000 <0.5 6 1.10
Cu80Zr_E950 Zr0, 3800 0.7+0.2 8 1.64
Mechanical mixing following by pelletizing by pressure
Cu60MgAl_P950 MgAl,04 3900 <0.5 6 -
Cu60MgAI_P1100 MgAl,04 3800 1203 6 1.47
Cu60MgAl_P1300 MgAl,04 - Melt 6 -
Cu60MgAl_P1100a MgAl,04 3700 1.7+0.3 6 1.50
Cu60MgAI_P1100b MgAl,04 3700 22+03 6 1.57
Cu60Zr_P950a Zr0, 5400 <0.5 6 -
Cu40Zr_P1100a Zr0, 4900 4.0+04 4 1.01
Cu60Zr_P1100a Zr0, 5400 3.0£05 6 1.40
Cu60Mg_P1100a MgO 4100 22+04 6 0.89
Cu60Se_P1100 Sepiolite 3900 22+05 6 1.45
Cu60Si_P950 Sio, 2000 <0.5 6 -
Cu60Si_P950 Sio, - Melt 6 -

Example of nomenclature of the oxygen carriers: Cu60MgAl_P950:Cu60, 60 wt.% CuO; MgAl, inert binder (Al:Al,03; Se:Sepiolite; Si:SiO,; Ti:TiOy; Zr:ZrO,; MgAl:MgAl,04;
Mg:MgO); P, pelletizing by pressure (I: Incipient wet impregnation, E: pelletizing by extrusion); 950, sintering temperature (°C); a = 0.5 wt.% graphite, b = 0.5 wt.% graph-

ite + 12 h sintering time.
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Fig. 3. Effect of mass load in TGA experiments (25 Ly/h) on the reaction rate during the reduction and oxidation period with Cu60MgAl_P1100b oxygen-carrier. T = 1000 °C.

Reduction: 100 vol.% N,. Oxidation: air.
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Fig. 4. Effect of inlet gas flow in TGA experiments (50 mg) on the reaction rate during the reduction and oxidation period with Cu60MgAI_P1100b oxygen-carrier. T = 1000 °C.

Reduction: 100 vol.% N,. Oxidation: air.

respectively (see Figs. 3 and 4). Fig. 3 shows the conversion-time
curves obtained during the reduction and oxidation with different
mass loaded in TGA for Cu60MgAI_P1100b with mass from 40 to
100 mg in the third redox cycle. It can be seen that with a mass
lower than 70 mg, gas diffusion inside the particles did not control
the global reaction rate. The reduction and oxidation reactivities
with different nitrogen flows are depicted in Fig. 4. The reaction
rates with gas flows higher than 17 nL/h were similar. As a conse-
quence, it is considered that the reaction rate was not controlled by
inter-particle diffusion or diffusion through the gas film around the
particle when N, flow was higher than 20 nL/h.

2.2.2. Fluidized bed facility

Reduction-oxidation multi-cycles were carried out in a fluid-
ized-bed reactor to understand the oxygen release behavior of
the oxygen carrier under operating conditions similar to that exist-
ing in the CLOU process. The fluidization behavior of the materials
with respect to agglomeration phenomena and attrition rate could
also be observed.

Fig. 5 shows the experimental set-up used for testing the oxy-
gen carriers. It consisted of a system for gas feeding, a fluidized-
bed reactor, a parallel filter system to recover the solids elutriated
from the fluidized-bed reactor, and a gas analysis system. The gas
feeding system had different mass flow controllers for the different
gases. The composition of the gas during reduction was 100 vol.%
N, or CO,, and during oxidation different oxygen concentrations
were used ranging from 5 to 21 vol.% O, in N,. The fluidized-bed
reactor reactor has 54 mm inner diameter and 500 mm height,

with a preheating zone just under the distributor plate. The entire
system was inside an electrically heated furnace. The fluidized-bed
reactor was fed with a batch of 0.2-0.4 kg (depend of the oxygen
carrier density) of oxygen carrier to ensure a bed height of at least
55 mm (with this bed height ensure that the thermopar is in the
middle of the bed). The tests were carried out at 900, 950 and
1000 °C with an inlet superficial gas velocity of 0.15 m/s (the min-
imum fluidization velocity of the different materials varied from
0.02 to 0.04 m/s). The reactor had two connected pressure taps in
order to measure the differential pressure drop in the bed. Agglom-
eration problems, causing defluidization of the bed, could be de-
tected by a sharp decrease in the bed pressure drop during
operation. Two hot filters located downstream from the fluid-
ized-bed reactor recovered the solids elutriated from the bed dur-
ing the successive reduction-oxidation cycles. An on line
paramagnetic gas analyzer measured the O, concentration during
the test. The reduction periods varied from 300 to 1800 s, depend-
ing on the material and operation conditions. The oxidation peri-
ods necessary for complete oxygen carrier regeneration varied
between 120 and 1800 s. Those suitable materials were exposed
to more than 40 redox cycles corresponding to more than 40 h of
operation.

2.3. Characterization techniques
Some samples, both fresh and used, were physically and chem-

ically characterized by different techniques. The mechanical
strength, determined using a Shimpo FGN-5X crushing strength
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Fig. 5. Experimental setup used for multi-cycle tests in a batch fluidized bed
reactor.

apparatus, was taken as the average value of 20 measurements of
the force needed to fracture a particle. The surface area of the oxy-
gen carrier particles was determined by the Brunauer-Emmett-
Teller (BET) method in a Micromeritics ASAP-2020, whereas the
pore volume was measured by Hg intrusion in a Quantachrome
PoreMaster 33. The identification of crystalline chemical species
was carried out using a powder X-ray diffractometer Bruker AXS
graphite monochromator. The oxygen carrier particles were also
analyzed in a scanning electron microscope (SEM) ISI DS-130
coupled to an ultra thin window PGT Prism detector for energy-
dispersive X-ray (EDX) analysis.

3. Results and discussion
3.1. Oxygen carrier reactivity in TGA

TGA experiments allowed analysis of the reactivity of the oxy-
gen carriers under well-defined conditions, and in the absence of
complex fluidizing factors such as those derived from particle attri-
tion and interphase mass transfer processes. For screening pur-
poses, at least five cycles of reduction and oxidation were carried
out with each carrier. Usually the reactivity changed during the ini-
tial redox cycle and then stabilized during subsequent cycles. Reac-
tivity data were obtained in TGA tests from the weight variations
during the reduction and oxidation cycles as a function of time.
The oxygen carrier conversion was calculated as:

1.0
Reduction Cu15y-Al_I850
— — — Cu33y-Al_I850
0.8 — —  Cu15MgAl_I850
5 Cycle 3
7 | ycle 1
g 0.6 /
s |l
o Cycle 2
5 0.41]
] |
021 B Cycle 3
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0.0 T T T T
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Time (min)

. Moy — M
For reduction : X,pg = —>—— (10)
ox — Mred
. Mox — M
For oxidation : Xpy = 1 - —2%—— (11)
Mox — Myed

m being the mass of sample at each time, m,, is the mass of the
sample fully oxidized and m,¢4 is the mass of the sample in the re-
duced form. Oxygen generation rates ro, were calculated with Eq.
(12) and are shown in Table 2

. dxred
dt

Ro being the oxygen transport capacity for the oxygen carrier parti-
cles (Eq. (9)).

The oxygen release rate of impregnated oxygen carriers was
first investigated using y-Al,05, a-Al,03 and MgAl,04 support with
different copper contents ranging from 15 to 33 wt.%. Fig. 6 shows
the oxygen carrier conversion vs. time of impregnated oxygen car-
riers at 1000 °C and 100 vol.% N,. The Cu-based oxygen carrier
impregnated on y-Al,O; showed the lowest conversion during
the reduction reaction and a decrease of the reactivity as the num-
ber of cycles increased. Similar patterns were found for oxidation
reactions of this impregnated material. This behavior is related to
the formation of a copper aluminate in the oxygen carrier, with
low reactivity during CuAl,04 reduction. Thus, the formation of
the copper aluminate produced a deactivation of the oxygen carrier
for the CLOU process. Similar results were found for the materials
prepared with o-Al,05 or with higher copper content, indicating
that the copper content did not improve the oxygen use in the
impregnated samples.

On the contrary, oxygen carrier impregnated on MgAl,04
showed the highest reactivity during the reduction reaction and
did not present any deactivation with cycles due to the minimized
interaction of CuO with the MgAl,04 support. The maximum con-
version reached with this oxygen carrier was increased to 60%, and
the reactivity, as ro,, was higher than for y-Al,03 and a-Al,05 (see
Table 2). However, the oxygen transport capacity is only 0.9%.
Higher values are desired for the CLOU process. Here, the oxygen
transport capacity was defined as Roc = Ro - Xmax» Xmax being the
maximum conversion reached in TGA experiments. To increase
the transport capacity, an oxygen carrier with higher CuO content
was prepared by increasing the number of impregnations (Cu21M-
gAl_I850). Similar results (regarding oxygen transport capacity)
were found in this case. Therefore, to have an oxygen carrier with
sufficient O, transport capacity, a high number of impregnations
steps should be carried out. To increase the copper content of the
materials in a more direct manner, the mechanical mixing followed

ro, = Ro

(12)
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Fig. 6. Conversion vs. time curves from TGA tests of different oxygen carriers prepared by impregnation on different supports. T= 1000 °C. Reduction: 100 vol.% N,. Oxidation:

air.
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Fig. 8. Conversion vs. time curves for the third redox cycle from TGA tests of different oxygen carrier prepared by mechanical mixing following by pelletizing by pressure.

T=1000 °C. Reduction: 100 vol.% N,. Oxidation: air.

by pelletizing by extrusion method was used for particle
preparation.

Fig. 7 shows the reduction and oxidation reactivities of the sam-
ples prepared by the mechanical mixing followed by extrusion
using different supports. Firstly, the oxygen carriers were prepared
with 80 wt.% of copper content and were calcined at 950 °C, except
oxygen carrier with Al,05 as support that were calcined at 1100 °C.
As it can be seen, the results with the oxygen carriers prepared
with this method depended on the support. Those prepared with
Zr0,, sepiolite, or SiO, as support showed high oxygen generation
rates and both reduction and oxidation reaction rates were stable
with cycles. Oxygen carriers supported on alumina and TiO, had
lower reaction rates, both for reduction and oxidation reactions,
and lower conversion values were reached.

For some samples agglomeration problems occurred in the TGA
set-up. Oxygen carriers supported on Al,Os, ZrO, and TiO, with
high CuO contents (80 wt.%) agglomerated. For this reason, oxygen
carriers with lower copper contents (60 or 40 wt.%) were also pre-
pared and tested. Oxygen carrier prepared with TiO, as support al-
ways agglomerated even with CuO contents of 40 wt.%. However,
oxygen carriers with ZrO, as support and 60 wt.% of CuO did not
present any agglomeration in the TGA and showed high reduction
and oxidation reactivities.

Cu-based oxygen carriers supported on MgAl,04, ZrO,, SiO, and
sepiolite were selected as a result of this preliminary reactivity
screening, since they showed high reactivity and stability with
the redox cycles. However, the mechanical strength of these oxy-
gen carriers were too low to be used in a fluidized bed (values

above 1 N are recommended) [36]. As it can be seen in Table 2,
low values (<1 N) of this parameter were measured for these sam-
ples. In order to increase the mechanical strength of the oxygen
carriers another pelletizing method was used. Samples using MgA-
1,04, ZrO,, SiO, and sepiolite as support were prepared by mechan-
ical mixing followed by pelletizing by pressure with 60 wt.% of
copper content. Also MgO as support was used with this method.
Different graphite contents and calcination temperatures were
analyzed to have oxygen carriers with high reaction rates and also
high mechanical strength. In general, particles calcined at 950 °C
showed low mechanical strength, whereas an increase in sintering
temperature to 1300 °C caused the melting of particles. However,
particles sintered at 1100 °C showed adequate mechanical strength
to be used in a fluidized-bed. Nevertheless particles prepared with
SiO, and sintered at 1100 °C melted, so SiO, was rejected as inert in
this screening.

Fig. 8 shows the reduction reactivities of the samples prepared
by the mechanical mixing followed by pelletizing by pressure. As
can be seen, high reactivity was observed with these oxygen carri-
ers. The oxygen generation rates determined with these materials
are shown in Table 2. These reaction rates showed by these oxygen
carriers for CLOU are in the same order as the rate of oxygen trans-
ference for highly reactive oxygen carriers developed for CLC [37-
38]. Although the oxygen carrier prepared using MgO as support
had high reduction and oxidation rates, full conversion was not
reached, reducing in this way its oxygen transport capacity. This
fact can be attributed to the deactivation of copper through the for-
mation of Cu;MgOs, which was detected by XRD. Moreover, the
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Fig. 9. Conversion vs. time curves for the third redox cycle at different reacting temperatures for Cu60Zr_P1100a. Reduction: 100 vol.% N,. Oxidation: air.

oxidation reactions showed similar results as for reduction with
these oxygen carriers.

The effect of reaction temperature on the reduction and oxida-
tion reactivities was analyzed in the TGA with these materials.
Fig. 9 shows the effect of temperature on the reduction and oxida-
tion reaction for Cu60Zr_P1100a oxygen carrier. Similar results
were found with the other materials. As it can be seen, the reduc-
tion temperature hardly affected to the reduction reaction rate,
reaching full solid conversion in less than 1 min for the different
temperatures used. It must be pointed out that TGA reduction cy-
cles were carried out using 100% N, and therefore O, release was
not limited by the O, concentration equilibrium in the gas stream.
On the contrary, the higher the oxidation temperature, the lower
the oxidation reaction rate was. This result was due to the effect
of the equilibrium oxygen concentration in the reduction reaction
of CuO to Cu,0, which implies that the oxidation reaction rate is
carried out with the driving force of the difference between the in-
let oxygen concentration (21 vol.% in this case) and the oxygen
concentration at equilibrium at that temperature. As it was shown
in Fig. 2, at 1000 °C the oxygen concentration at equilibrium is
12.4 vol.%, and the oxygen concentration at equilibrium at 900 °C
is only 1.5 vol.%. This fact will have important consequences on
the operating temperatures needed for the combustion and regen-
eration reactions in the CLOU process.

The effect of the oxygen concentration on the oxidation reaction
was also analyzed by TGA for materials prepared by pelletizing by
pressure. Fig. 10 shows the effect of the oxygen concentration on
the oxidation reaction rate for Cu60Zr_P1100a oxygen carrier at
900 °C. As can be seen, the higher the oxygen concentration, the
higher the oxidation reaction rate is. This fact is explained as the
oxidation reaction is carried out with the driving force of the differ-
ence between the inlet oxygen concentration and the oxygen con-
centration at equilibrium (1.5 vol.%. at 900 °C). Similar results were
found with the other materials.

In view of these satisfactory results obtained in TGA with the
oxygen carriers prepared by mechanical mixing followed by pellet-
izing by pressure, it was decided to prepare some batches of these
oxygen carriers, to be used in the batch fluidized-bed reactor.
Batches of 0.5 kg of the oxygen carriers with MgAl,04, MgO, ZrO,
and sepiolite as support were prepared.

3.2. Oxygen carrier behavior in batch fluidized bed

Reduction-oxidation multi-cycles were carried out in a fluid-
ized-bed reactor to understand the oxygen release behavior of
the oxygen carrier and the fluidization behavior of the material
with respect to agglomeration phenomena and attrition rate.
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Fig. 10. Conversion vs. time curves for the third cycle at different reacting oxygen
concentrations for Cu60Zr_P1100a. T = 900 °C.

3.2.1. Reduction and oxidation reactions

Several reduction-oxidation cycles using N or CO; as fluidiza-
tion media were carried out in this facility to determine the oxygen
release behavior as a function of the operating conditions. The con-
version of the oxygen carrier as a function of time was calculated
from the oxygen outlet concentration by the equations:

Lred
Reduction X,.q = Qoue (Po, oue)dt (13)
o, ToPror
txi 0. . S .
Oxidation Xoxi _ Qm POZ.m Qout POZ.out dt (14>

to NoProt

X being the conversion of the oxygen carrier, Q;, is the molar flow
rate of the gas incoming to the reactor, Q. is the molar flow rate
of the gas leaving the reactor, Py is the total pressure, Po,,, is the
partial pressure of O, incoming to the reactor, Po,,, is the partial
pressure of O, exiting the reactor, ng are the moles of molecular
oxygen which can be released from fully oxidized oxygen carrier,
and t is the time.

Fig. 11 shows the oxygen concentration measured at the outlet
of the reactor and the bed temperature measured during a typical
reduction and oxidation cycle at 1000 °C. The fluidizing medium
was pure nitrogen during reduction and during oxidation the inlet
oxygen concentration was 21 vol.% in nitrogen. At the beginning of
the reduction period, a rapid oxygen release occurred close to the
oxygen concentration equilibrium for the measured bed tempera-
ture. After 10 min, the outlet oxygen concentration fell near zero
indicating an important decrease in the oxygen release rate. After
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Fig. 11. Evolution with time of oxygen concentration and bed temperature during a
typical reduction and oxidation cycle with Cu60MgAIl_P1100. T= 1000 °C. Reduc-
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Fig. 12. Evolution of oxygen concentration with time and calculated solids
conversions during a reduction period with Cu60MgAl_P1100 using different
fluidization gases. T=1000 °C.

20 min the oxidation started. The oxidation reaction took place at
an oxygen concentration near the equilibrium oxygen concentra-
tion for this temperature. As can also be observed in Fig. 11, there
are relevant temperature disturbances during the tests that can be
explained by the heats of reduction and oxidation reactions. The
set point temperature, 1000 °C, is defined as the fluidized-bed
reactor temperature measured at the end of the oxidation period
prior to the reduction period, when no reaction occurs. A temper-
ature drop occurred due to the endothermic release of oxygen in
the reduction reaction of CuO. Once the main part of the oxygen
had been released, an increase in temperature occurred due to
the gradually slower oxygen reduction reaction. When the oxida-
tion began, a quick increase of temperature occurred due to the
exothermic oxidation reaction.

In the CLOU process a carrier gas composed of recirculated CO,
is most likely used for the case of solid fuel combustion, as shown
in Fig. 1. However, during oxygen carrier testing N, is commonly
used as a carrier gas [21,26]. The effect of fluidization gas was ana-
lyzed using pure nitrogen and pure CO, as fluidization medium.
Fig. 12 shows the evolution of the oxygen concentration with time
and the calculated solids conversion during a reduction period
with Cu60MgAI_P1100 and using different fluidization gases (N,
or CO,) in a typical cycle at 1000 °C. As it can be seen, similar re-
sults were found independently of the gas used. Small differences
in the profiles could be due to slight changes in the reaction tem-
perature, probably due to the different heat capacity of these gases.
For this reason, pure nitrogen was used as fluidization medium in
the batch experiments.

The effect of reaction temperature in the batch fluidized bed
was analyzed using 900, 950 and 1000 °C for the test. Fig. 13 shows
oxygen concentration profiles and the solid conversion during a
reduction period using different bed temperatures for two different
oxygen carriers. The oxygen equilibrium concentration at each
temperature is also shown. As can be seen in Fig. 13a, the oxygen
carrier prepared using MgAl,0,4 as support gave oxygen concentra-
tion close to the equilibrium condition at each temperature. Thus,
at all temperatures the oxygen release rate was limited by thermo-
dynamic restrictions. At the lowest temperature, the solid decom-
position is highly limited due to the low oxygen concentration at
equilibrium and at the highest temperature (1000 °C), the solid
reached a high conversion value in less than 15 min. These results
of the effect of the reduction temperature are very different of
those found by TGA. As was explained above, in the fluidized bed
the O, concentration equilibrium limits the O, release rate since
the gas flow has reached an O, concentration close to the equilib-
rium one at each temperature, whereas the reaction rate in TGA
was not limited by the equilibrium concentrations. Fig. 13b shows
the solid conversion and oxygen concentration profiles during a
reduction period with Cu60Zr_P1100a using different bed temper-
atures. In this case, the oxygen concentration measured was much
lower than the predicted by thermodynamics. These worse results
are due to a defluidization of the bed, observed by a low pressure
drop in the reactor. After extracting the solid from the reactor, the
presence of agglomerated particles was confirmed.

The effect of the oxygen concentration in the oxidation reaction
was analyzed using 21% and 10 vol.% of oxygen during oxidation at
different temperatures. Fig. 14 shows the solid conversion and oxy-
gen profile measured in a typical oxidation period of the Cu60M-
gAl_P1100 oxygen carrier. An important effect of the oxygen
concentration was found. The oxidation reaction rate was very
low when the oxygen concentration in the gas flow was close to
the oxygen concentration equilibrium, i.e. 9.5 vol.% at 975 °C, and
thus the solid conversion after 20 min was very low. In these con-
ditions, the oxidation of the solid was not completed. However,
increasing the oxygen concentration to 21% and temperature to
1010 °C (O, concentration at equilibrium = 14.5%), the regenera-
tion of the oxygen carrier is almost completed in 25 min. Note that
from TGA experiments, conversion of 90% was reached in less than
1 min (see Fig. 8) with air. Thus, although the oxygen carrier
showed very high reactivity for the redox reactions, the higher
time needed for complete conversion in batch fluidized-bed reac-
tor experiments was due to the limitation in the oxygen flow sup-
plied to the reactor. The equilibrium concentration was also
reached during the oxidation period. These results confirmed those
pointed out in the TGA analysis about the important dependency of
the operating temperatures in the reduction and oxidation reactors
for the successful development of the process.

3.2.2. Attrition and agglomeration behavior of oxygen carrier particles

The multi-cycle tests carried out in the fluidized bed were also
useful to determine the fluidization behavior of the different oxy-
gen carriers with respect to the attrition and agglomeration
phenomena.

An important parameter for the selection of a suitable oxygen
carrier material for the CLOU process is the agglomeration behav-
ior during fluidization. Different behavior of the oxygen carriers
with respect to these phenomena was found to depend on the
CuO content and support used. Oxygen carriers prepared with
MgO and sepiolite as inert resulted in formation of hard agglomer-
ates and thus were rejected. Agglomeration took place during
reduction to Cu,0 and made difficult the oxidation of the oxygen
carrier. The test must be stopped due to the sticking of the particles
causing defluidization and it was detected by an abrupt decrease of
the bed pressure drop in the reactor. Oxygen carrier prepared with
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Fig. 13. Oxygen concentration and solid conversion profiles during a reduction period using different bed temperatures. (a) Cu60MgAl_P1000; (b) Cu60Zr_P1000a. (---)
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Fig. 14. Evolution of oxygen concentration with time and calculated solids

conversions during an oxidation period with Cu60MgAI_P1100 using different
oxygen concentrations. [0,]=10% at T =975 °C, [0,]=21% at T=1010 °C.
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Fig. 15. Attrition rate of selected Cu-based oxygen carriers during multi-cycle
operation in the fluidized bed. Temperature was varied in the range 900-1000 °C.

60 wt.% CuO and ZrO, as inert presented moderate agglomeration
behavior, causing low oxygen release rate (see Fig. 13b). However,
an oxygen carrier with 40 wt.% CuO and ZrO, as inert did not pres-
ent agglomeration phenomena at any conditions. Similarity, carri-
ers prepared using MgAl,0,4 as support with 60 wt.% of CuO did not
present any agglomeration problem at any temperature.

Another important parameter for the selection of a suitable oxy-
gen carrier material for the CLOU process is the attrition behavior
during fluidization. The attrition rate of the oxygen carrier was

evaluated as the weight of particles elutriated from the bed recov-
ered in the filters with a dj, <40 pm during a measured time, cor-
responding to several reduction-oxidation cycles. Fig. 15 shows
the attrition rates for the different oxygen carriers as a function
of time. As it can be seen, the attrition rate in the case of
Cu40Zr_1100 was very low and stable during more than 20 h. A va-
lue of 0.045%/h, which corresponds to a particle lifetime of 2220 h,
was measured. The attrition rate for Cub0MgAI_P1100 was high
and unstable after 25 h of operation. In order to decrease the attri-
tion rate of this material, two different oxygen carriers were pre-
pared with higher mechanical strength. Firstly, particles with
lower porosity were prepared by decreasing the graphite content
(Cu60MgAI_P1100a). As can be seen, the oxygen carrier presented
similar behavior to previous oxygen carrier (Cu60MgAl_P1100).
Further, the mechanical strength of particles was increased by
increasing the sintering time to 12 h (Cu60MgAI_P1100b). The
attrition rate of this material was now stable during more than
40 h, although with a relatively high value (0.2%/h), which corre-
sponds to a particle lifetime of 500 h.

3.3. Characterization of CLOU materials

A physical and chemical characterization was carried out, both
for fresh and used particles in the batch fluidized bed. In addition,
the CuO content of fine particles elutriated from the fluidized-bed
reactor was determined by reduction with 15 vol.% H, at 800 °C in
TGA. Table 3 shows the characterization results of the different
oxygen carriers. All samples had low initial porosity and surface
area due to the preparation method used. The surface area was
lower than 0.5 m?/g in all cases. However, the reactivity of these
samples was high.

The crystallite phases found by XRD analysis of the oxygen car-
riers prepared using MgAl,04 and ZrO, as supports were mainly
CuO and the corresponding support. New compounds were not de-
tected in any of the samples after being used, even for the mono-
clinic phase of the ZrO,. Thus, interaction of the CuO with the
corresponding support was neither found, indicating the stability
of the material. In addition, the chemical stability was analyzed
by comparing reactivity of fresh and used particles. The oxygen re-
lease rate (ro,) determinated from TGA experiments was not af-
fected by the cycle number.

The mechanical strength of the used samples was, in the major-
ity cases, similar to the fresh ones, excepting for Cub0OMgAI_P1100
particles. These particles have an initial low value for mechanical
strength, which correspond to high attrition values, but it was fur-
ther decreased after 30 h of operation. Changes both in porosity
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Table 3

Characterization of the fresh and after-used oxygen carrier particles.
Oxygen carrier Time being fluidized (h) Porosity (%) Mechanical strength (N) Crystallite phases

Fresh Used Fresh Used Fresh Used

Cu60MgAI_P1100 28 13.0 26.4 1.2+03 0.6+0.3 CuO, MgAl,04 CuO, MgAl,04
Cu60MgAl_P1100a 25 11.2 225 1.7+0.3 1.6+0.4 CuO, MgAl,04 CuO, MgAl,04
Cu60MgAI_P1100b 42 10.5 30.0 22+03 2004 CuO, MgAl,04 CuO, MgAl,04
Cu60Zr_P1100 10 7.9 9.1 3.0£0.5 26+05 CuO, ZrO, (M) CuO, Zr0, (M)
Cu40Zr_P1100 15 9.0 121 4.0+04 42+04 CuO, ZrO, (M) CuO, ZrO, (M)
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Fig. 16. SEM images and EDX analysis of Cu60MgAI_P1100b (a-c) and Cu40Zr_P1100 (d-f) particles both fresh (left) and after used (right). General view of the particles (a
and d) and image of a cross section of a particle (b and e). EDX line profiles of Cu, Al, Mg and Zr (c and f) in a cross section of a particle.
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and mechanical strength were low for particles prepared with
ZrO,. However, for particles prepared with MgAl,0,4 as inert mate-
rial an important increase of particle porosity after cycles was
found. The surface area remained low in all cases.

For the material Cu60MgAl_P1100 with an initial low mechan-
ical strength, the attrited fines contained mainly MgAl,O, during
the initial 10 h. Only during the last period, oxygen carrier started
losing CuO. For other materials, the compositions of attrited fines
were similar to the composition of fresh particles.

Fig. 16 shows an example of the SEM-EDX analysis carried out
with the different samples. SEM image of the particles show an
irregular shape due to the milling process required in the prepara-
tion method (see Fig. 16a and d). The general appearance of the
used particles using ZrO, as inert was similar to the fresh particles
(see Fig. 16e). No important changes in the surface texture were
detected and the solid structure was maintained. On the contrary,
the increase in the porosity of oxygen carriers prepared with MgA-
1,04 as support can be clearly seen in the SEM image of cross sec-
tion of a particle (see Fig. 16b). The copper distribution inside the
particles was also analyzed by EDX in some cut and polished par-
ticles. It was found in fresh particles for both oxygen carriers a uni-
form distribution of copper exited through the particles. Moreover
there was not evidence of redistribution or migration during the
redox cycles for both materials.

These results indicated that oxygen carriers prepared with a
40 wt.% of CuO and ZrO, as support and 60 wt.% of CuO and MgA-
1,04 as support had satisfactory results both regarding reactivity,
attrition and agglomeration behavior during repeteated redox cy-
cles, properties required for the CLOU process.

4. Conclusions

The potential of different Cu-based oxygen carriers for the
Chemical-Looping with Oxygen Uncoupling (CLOU) process was
determined through thermogravimetric analysis and batch fluid-
ized bed testing. Materials prepared using three different methods
(incipient wet impregnation, mechanical mixing following by
extrusion and mechanical mixing following by pelletizing by pres-
sure), supports (y-Al;0s3, a-Al,03, MgAl,04, sepiolite, SiO,, TiO-,
MgO and ZrO,) and different CuO fractions from 15 to 80 wt.% were
characterized.

Oxygen carriers prepared by impregnation on Al,03 were re-
jected due to their low reactivity which decreased with the cycles.

Particles prepared by mechanical mixing following by pelletiz-
ing using Al,03;, MgAl,04, MgO, SiO,, sepiolite and ZrO, with
80 wt.% CuO showed high reactivity but low mechanical strength
if extrusion was used. However mechanical strength increased
when pelletizing by pressure was used.

Highly resistant particles were obtained by mechanical mixing
followed by pelletizing by pressure using MgAl,04, ZrO,, sepiolite
and MgO. Oxygen carriers prepared with 60 wt.% CuO content
and these supports showed high reaction rates both for oxygen re-
lease and oxidation reactions.

Agglomeration and attrition behavior of the oxygen carriers
prepared by pelletizing depended on the support used. Materials
prepared with MgAl,04 as inert and 60 wt.% of CuO and 40 wt.%
CuO and ZrO, as inert did not present any agglomeration problem
at any temperature. Oxygen carriers prepared with MgO and sepi-
olite as inerts were rejected due to agglomeration problems. The
attrition rate measured for the oxygen carrier prepared using
Zr0, as support was very low and stable (0.045%/h). The oxygen
carrier prepared using MgAl,0, as inert had a stable attrition rate
(0.2%/h), during more than 40 h of redox cycling.

Experiments in batch fluidized bed show that the oxygen re-
lease rate is nearly constant at each temperature and it was limited

because oxygen concentration reached the thermodynamic equi-
librium. A negligible effect of the fluidization gas (CO, or N;) was
found during oxygen carrier decomposition. Moreover, an impor-
tant effect of the oxygen concentration in the gas flow was found
in the oxidation reaction.

The results indicated that oxygen carriers prepared with a
40 wt.% of CuO and ZrO, as support and 60 wt.% of CuO with MgA-
1,04 have satisfactory results both regarding reactivity and fluid-
ization behavior, properties required for the CLOU process.
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Evaluation of a Spray-Dried CuO/MgAl,O, Oxygen Carrier for the
Chemical Looping with Oxygen Uncoupling Process
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Department of Energy and Environment, Instituto de Carboquimica (ICB), Consejo Superior de Investigaciones Cientificas (CSIC),
Miguel Luesma Castan, 4, Zaragoza 50018, Spain

ABSTRACT: The chemical looping with oxygen uncoupling (CLOU) process is a chemical looping combustion (CLC)
technology that allows for the combustion of solid fuels with inherent CO, separation. As in CLC technology, in the CLOU
process, the oxygen necessary for fuel combustion is supplied by a solid oxygen carrier, which is moving between two reactors:
the fuel and air reactors. The CLOU technology uses the property of some metal oxides (CuO, Mn,0;, and Co;0,), which can
generate gaseous oxygen at high temperatures. The oxygen generated by the oxygen carrier reacts directly with the solid fuel,
which is mixed with the oxygen carrier in the fuel reactor. The reduced oxygen carrier is transported to the air reactor, where it is
oxidized by air. In this work, a material prepared by spray drying containing 60 wt % CuO and 40 wt % MgAl,O, as supporting
material was evaluated as an oxygen carrier for the CLOU process using different installations. First, the oxygen release rate and
the fluidization behavior, with regard to the agglomeration and attrition rate, were analyzed in a thermogravimetric analyzer
(TGA) and in a batch fluidized bed, respectively. Then, the effects of the main operating conditions, such as the temperature,
solids flow rate, and gas velocity in the fuel reactor, on the oxygen-carrier capability to release gaseous oxygen were analyzed in a
continuous CLOU unit using N, and CO, as fluidization media. In addition, the effect of the oxygen concentration in the air
reactor on the capability of the oxygen carrier to be regenerated was evaluated. The results obtained showed that this oxygen
carrier has suitable characteristics for the CLOU process. Nevertheless, after 40 h of continuous operation at high temperatures,
the particle integrity decreased significatively, indicating the need to improve the lifetime of this kind of material for use in an
industrial CLOU process.

1. INTRODUCTION separation from air. The second option of development is the

To stabilize the CO, concentration in the atmosphere, several CLC with solids fuels, where the solid fuel is directly
measures must be taken. Among them, the carbon capture and introduced to the fuel reactor. Devolatization of coal particles
storage (CCS) would contribute 15—55% to the cumulative happen in the CLC system, and the remaining char must be
mitigation effort worldwide until 2100." The CCS is a process gasified. Thus, a gasification agent, e.g,, H,O or CO,, must be
involving the separation of CO, emitted by industry and used as the fluidization gas. The oxygen carrier reacts with
energy-related sources and then storage of it for a long period volatiles and the gas product of coal gasification. Because of the

of time. The chemical looping combustion (CLC) process has slow gasification reaction rate, the residence time of char
been suggested among the best alternatives to reduce the particles must be higg iﬂ the gasification step to have high CO,
economic cost of CO, capture in power plants® and to increase capture efficiencies. ™" To increase the gasification ratlezi
the efficiency with respect to other CO, capture processes.” In temperatures higher than 1000 °C have been proposed.
this process, CO, is inherently separated from other Because a partial loss of the oxygen carrier is expected in the
combustion products, N, and unused O,, through the use of purge stream of ash, low-cost and environmental friendly
a solid oxygen carrier, and thus, no energy is expended for the materials are preferred in this IEZLIS option, e.g., natural minerals
separation. The CLC process has been demonstrated for or industrial/waste products.”>"

gaseous fuel combustion, such as natural gas and syngas, in 10— To overcome the low reactivity of the char gasification stage
140 kW, units using oxygen-carrier materials based on Ni,*° in the direct solid—ﬁ;%led CLC, an alternative process was very
Cu,®” or Fe.*” A huge number of oxygen carriers have been recently proposed.”™ The chemical looping with oxygen
proposed for CLC with gaseous fuels, which have been uncoupling (CLOU) process is based on the strategy of
reviewed by Adanez et al.'® Because solid fuels are considerably using oxygen carriers that release gaseous oxygen at high
more abundant and less expensive than natural gas, it would be temperatures, thereby allowing the solid fuel to burn with gas-

highly advantageous if the CLC process could be adapted for phase oxygen. In this way, thf SIOW. gasiﬁcation step of t}.le
these types of fuels. The first option to use solid fuels in a CLC direct solid-fueled CLC is avoided, giving a much faster solid

process was to use syngas in the fuel reactor coming from a conversion.””**

previous gasifiying stage. In this technology, experience gained

in the development of CLC for syngas can be useful,"""* but it Received: February 8, 2012
is necessary to use pure oxygen for the gasification of the solid Revised:  April 2, 2012
fuel, causing an important energy penalty because of oxygen Published: April 12, 2012
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Figure 1 shows a schematic diagram of a CLOU system. As
proposed by Mattisson et al.,** the CLOU process is composed

N, (+0, Q—I |—> CO, + H,0

CO, =——1—> CO,

&
Air Fuel H,0(l)
Reactor Reactor
Coal
Me,O,, /

co,

Figure 1. Schematic diagram of the CLOU process for solid fuels.

of two interconnected fluidized-bed reactors: the fuel reactor
and the air reactor. In the fuel reactor, CO, and steam are
produced by different reactions. First, the oxygen carrier
releases oxygen according to

2Mex0y(s) - ZMexOy—1(5) + 0,(g) (1)

and the solid fuel begins devolatilization, producing a solid
residue (char) and volatile matter as gas products.

@)

Then, char and volatiles are burnt as in usual combustion
according to reactions 3 and 4.

char + O, —» CO,

coal — volatile matter + char

®3)

volatile matter+(x + %)O2 - xCO, + yH,0O @
In the air reactor, the oxygen carrier is regenerated by oxygen
from the air, following the next reaction.

2Me,O,_(s) + O,(g) < 2Me,O,(s) ()

After steam condensation, a pure CO, stream can be obtained.
In the CLOU process, the fluidization gas can be recycled CO,.
In this way, the steam duty of the plant for the gasification step
and energy penalties related are reduced. The reduced oxygen
carrier (MexOy_l) is transported to the air reactor, where the
oxygen carrier is regenerated to the initial oxidation stage with
oxygen of the air according to reaction S, and ready for a new
cycle. The exit stream of the air reactor contains only N, and
unreacted O,. Therefore, the CLOU process has a low-energy
penalty for CO, separation, and low CO, capture costs are
expected. The heat release over the fuel and air reactors is the
same as for conventional combustion.

Thus, metal oxides used in oxygen carriers for CLOU must
evolve gaseous oxygen at high temperatures. Besides, this O,
release must be reversible to oxidize the oxygen carrier in the
air reactor. Thus, a special requirement is needed for the
oxygen carrier to be used in the CLOU process in comparison
to oxygen carriers for normal CLC, where the fuel must be able
to react directly with the oxygen carrier without any release of
gas-phase oxygen. Only those metal oxides that have a suitable
equilibrium partial pressure of oxygen at temperatures of
interest for combustion (800—1200 °C) can be used as CLOU
oxygen carriers. The possible metal oxides that have the
propertzf of release oxygen are limited: CuO, Mn,0;, and
C030,.”° Copper has the highest oxygen transport capacity (10
g of 0,/100 g of CuO compared to 3 g of O,/100 g of Mn,O;
and 6 g of 0,/100 g of Co;0,). Moreover, for the CuO/Cu,O

system, the reaction with C is exothermic in the fuel reactor, as
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shown in reaction 6, which can be advantageous for the heat
balance of the CLOU system.

4Cu0 + C — 2Cu,0 + CO,
AH? " = ~132.91J/mol of C (6)

Figure 2 shows the partial pressure of oxygen as a function of
the temperature for the CuO/Cu,O system, calculated using

20

=

o CuO

2 15

E | conditions i

2 on_ltlonsmthe Cu.0

2 0 air-reactor 2

'S

o

Q

c

Q 54

> Conditions in the

(o] fuel-reactor
O T T T T
850 900 950 1000 1050 1100

T (°C)

Figure 2. Equilibrium oxygen concentrations over the CuO/Cu,O
system as a function of the temperature.

HSC software.”® The oxygen concentration at equilibrium
conditions greatly depends upon the temperature. It is clear
from this figure that the air- and fuel-reactor temperatures in
the process must be adjusted to the thermodynamic
equilibrium of the system. On the one hand, the metal oxide
is stable in the air reactor below 950 °C if the maximum oxygen
concentration from the air reactor is 4.5 vol %. A higher
temperature must be avoided in the air reactor if high use of
oxygen in the air is desirable. On the other hand, it would be
desirable to have a low oxygen concentration at the exit of the
fuel reactor to obtain a high-purity CO, stream. However, in a
previous work,”” it was found that an oxygen concentration in
the fuel-reactor outlet close to the thermodynamic equilibrium
was necessary to avoid unburnt compounds. An equilibrium
concentration of 1.5 vol % O, can be reached in the fuel reactor
at 900 °C for the CuO/Cu,O system, whereas the equilibrium
concentration increases up to 12.4 vol % at 1000 °C. Therefore,
it could be advantageous to operate the fuel reactor at lower
temperatures than the air-reactor temperatures, if the oxygen-
carrier reactivity is high enough for full combustion.
Mattisson et al.***" developed oxygen carriers with 60 and 40
wt % CuO. Cyclic testing with solid fuels verified that oxygen
was released close to the equilibrium pressure in the
temperature range of 880—985 °C, and the material could
also be regenerated close to equilibrium. When solid fuel
particles were added to a bed of oxygen-carrier particles, a very
rapid release of oxygen and combustion of fuel started. Thus,
the conversion rate of the fuel could be increased by almost of 2
orders of magnitude compared to coal gasification in a CLC
system with steam.”’ Although no permanent agglomeration
was detected, some defluidization phenomena were reported.
On the basis of previous experience** 2 on the development
of Cu-based materials for the CLC process, an analysis about
the suitability of several Cu-based materials was carried out at
ICB, CSIC.*”*® Particles prepared by several methods with
different supports and metal oxide contents were tested in a

dx.doi.org/10.1021/ef3002229 | Energy Fuels 2012, 26, 3069—3081
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thermogravimetric analyzer (TGA) and batch fluidized bed.
Impregnated particles on Al,O; were suitable for CLC but not
for CLOU because they lost the oxygen release property when
CuAlL, O, is formed. It was found that particles with 60 wt %
CuO and using MgAlL, O, as the supporting material prepared
by mechanical mixing were adequate for use as an oxygen
carrier for the CLOU process. This material showed high
reactivity and oxygen transport capacity and suitable attrition
resistance and does not have a tendency to agglomerate during
operation in a batch fluidized-bed reactor.

After the screening tests, a batch of 60 wt % CuO supported
on MgAL O, was prepared by spray drying (Cu60MgAl). The
proof of the concept of the CLOU process was demonstrated
using this material as an oxygen carrier,”” burning coal in a 1.5
kWy, continuously operated unit consisting of two intercon-
nected fluidized-bed reactors. The effects of the fuel-reactor
temperature, coal feeding rate, and solids circulation flow rate
on the combustion and CO, capture efficiencies were
investigated. Fast reaction rates of oxygen generation were
observed with the oxygen carrier, and full combustion of coal
was attained in the plant using a solids inventory of ~235 kg/
MWy, in the fuel reactor. In addition, values close to 100% in
carbon capture efficiency were obtained at 960 °C. An
assessment about the suitability of this material during long-
term operation in a CLOU system is necessary.

The aim of this work was focused on the oxygen-carrier
behavior during long-term operation in a continuous CLOU
unit. The effect of operating conditions, such as the
temperature and gas velocity in the fuel reactor, solids
circulation rate, and oxygen concentration in the air reactor,
on the oxygen-carrier capability to release gaseous oxygen has
been evaluated without fuel feeding. The evolution of the
physical and chemical characteristics of the Cu60MgAl oxygen
carrier was also analyzed.

2. EXPERIMENTAL SECTION

2.1. Oxygen-Carrier Material. The material used was a Cu-based
oxygen carrier prepared by spray drying. Oxygen-carrier particles were
manufactured by VITO (Flemish Institute for Technological Research,
Belgium) using MgALO, spinel (Baikowski, S30CR) and CuO
(Panreac, PRS) as raw materials. The CuO content was 60 wt %.
After particle formation by spry drying, the particles were calcined for
12 h at 1100 °C. Nevertheless, after material reception, particles were
calcined for a second time to increase the mechanical strength. The
oxygen-carrier particles had a total calcination time of 24 h at 1100 °C.
The particle size of the oxygen carrier was +0.1—0.2 mm. From now
on, the oxygen carrier was named as Cu60MgAl.

Physical and chemical characterizations were carried out with these
particles. The copper content was determined by complete reduction
in TGA using 15 vol % H, at 850 °C. The oxygen transport capability,
Roc, was also calculated in TGA as Roc = 1 — m,q/m,,, with m,, being
the mass of fully oxidized particles and m,4 being the mass of fully
reduced particles, i.e.,, when all CuO have been reduced to Cu,0.2
The crushing strength was determined by measuring the force needed
to fracture a particle using a Shimpo FGN-SX crushing strength
apparatus. The crushing strength was taken as the average value of at
least 20 measurements. The real density was determined by He
picnometry in a Micromeritics AccuPyc II 1340. The surface area of
the oxygen carrier was determined by the Brunauer—Emmett—Teller
(BET) method by adsorption/desorption of nitrogen at 77 K in a
Micromeritics ASAP-2020 (Micromeritics Instruments, Inc.), whereas
the pore volumes were measured by Hg intrusion in a Quantachrome
PoreMaster 33. The identification of crystalline chemical species was
carried out by a powder X-ray diffractometer (XRD) Bruker AXS
graphite monochromator. The oxygen-carrier particles were also
analyzed in a scanning electron microscope (SEM) ISI DS-130
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coupled to an ultrathin window PGT Prism detector for energy-
dispersive X-ray (EDX) analysis.

Table 1 shows the main properties of this oxygen carrier. It has a
low porosity and a very low superficial area. The crushing strength of

Table 1. Properties of the Fresh and Used Oxygen-Carrier
Particles of Cu60MgAl

used CLOU
fresh used batch® unit?

CuO content (wt %) 60 60 60
oxygen transport capacity, 6 6 6

Roc (wt %§
crushing strength (N) 2.4 1.6 0.7
real density (kg/m®) 4600 4712 4713
porosity (%) 16.1 24.0 40.3
specific surface area, BET ~ <0.5 0.54 0.73

(m/g)
XRD main phases CuO and CuO and CuO and

MgAl,O, MgALO, MgAlL,O,

“After 40 h.

the particles after 24 h of calcination was high enough for fluidization.
The crystalline phases detected by XRD were only CuO and MgAl,O,.
Moreover, Figure 3 shows SEM images and EDX analysis of the fresh
oxygen-carrier particles. A very regular spherical shape with a hole in
the core of the particles, which is characteristic of particles prepared by
spray drying, was found. EDX analysis confirmed a uniform
distribution of CuO inside the particles.

2.2, Experimental Setup. 2.2.1. TGA and Batch Fluidized-Bed
Facilities. A TGA was used for the determination of the oxygen-
carrier reactivity during reduction and oxidation reactions. A
detailed description of the TGA can be found elsewhere.>® The
reduction step of CuO to Cu,O was carried out in a N,
atmosphere, and different oxygen concentrations for the
oxidation reaction were used (4, 11, and 21 vol %). The
experiments were carried out at different temperatures for both
the reduction and oxidation reactions (900, 950, and 1000 °C).

A batch fluidized-bed reactor was used to know the oxygen release
behavior in a fluidization environment and the behavior with respect to
agglomeration and attrition phenomena. A detailed description of the
facility can be found elsewhere.”® The tests were carried out at 950 °C
with an inlet superficial gas velocity in the reactor at 0.15 m/s. A batch
of 250 g of oxygen-carrier particles was used as the bed material. Gas
during reduction was 100 vol % N,, and during oxidation, air was used.
O, was continuously analyzed at the outlet stream of the reactor with a
paramagnetic analyzer (Maihak $710/OXOR-P) to determine the O,
concentration evolution with time.

The reactor had two connected pressure taps to measure the
differential pressure drop along the bed. Agglomeration problems,
causing defluidization of the bed, could be detected by a sharp
decrease in the bed pressure drop during operation. The attrition rate
of the oxygen carrier was evaluated in the batch fluidized-bed facility as
the weight of particles with a d, < 40 um elutriated from the bed and
recovered in the filter system during a measured time, corresponding
to several reduction—oxidation cycles.

2.2.2. Experimental Setup ICB-CSIC-s1. A schematic view of the
CLOU unit is shown in Figure 4. The setup was basically composed of
two interconnected fluidized-bed reactors, the air and fuel reactors,
joined by a loop seal, a riser for solids transport from the air reactor to
the fuel reactor, a cyclone, and a solids valve to control the solids
circulation flow rate in the system. The fuel reactor consisted of a
bubbling fluidized bed of 50 mm inner diameter and 200 mm bed
height. N, or CO, can be used as fluidizing gas. The gas flow was
varied from 186 to 552 Ly/h, corresponding to a gas velocity of 0.1
and 0.3 m/s, respectively. The oxygen carrier is reduced in the fuel
reactor evolving gaseous oxygen to the surroundings. Reduced oxygen-
carrier particles overflowed into the air reactor through a U-shaped
fluidized-bed loop seal of S0 mm inner diameter, to avoid gas mixing

dx.doi.org/10.1021/ef3002229 | Energy Fuels 2012, 26, 3069—3081
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Figure 3. SEM images of fresh (right) and used (left) particles after 40 h in the CLOU unit: (a and d) SE image of the particles, (b and e) BSE of
cross-section particles, and (c and f) SE image and EDX line profile of Cu in a cross-section of a particle.

between fuel and air. A N, flow of 60 Ly;/h was introduced in the loop
seal. The oxidation of the carrier took place in the air reactor,
consisting of a bubbling fluidized bed of 80 mm inner diameter and
100 mm bed height, followed by a riser. The gas flow was varied from
1740 to 1980 Ly/h. To know the effect of the oxygen concentration in
the air reactor on the regenerability of the oxygen carrier, different
oxygen concentrations in the air reactor were used. In these cases, a
flow of air mixed with nitrogen was used, keeping a total gas flow in
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the air reactor of 1980 Ly/h. In addition, a secondary air flow (240
Ly/h) was introduced at the top of the air reactor to help particle
entrainment. N, and unreacted O, left the air reactor passing through
a high-efficiency cyclone and a filter before the stack. Entrained
oxidized solid particles were recovered by the cyclone and sent to a
solids reservoir, setting the oxygen carrier ready to start a new cycle. In
addition, this reservoir acts as a loop seal, avoiding the leakage of gas
between the fuel reactor and the riser. The regenerated oxygen-carrier

dx.doi.org/10.1021/ef3002229 | Energy Fuels 2012, 26, 3069—3081
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particles returned to the fuel reactor by gravity from the solids
reservoir through a solids valve, which controlled the flow rates of
solids entering the fuel reactor. In addition, diverting the solids valve
located below the cyclone allowed for the measurement of the solids
flow rates at any time. Therefore, this design allows for the control and
measurement of the solids circulation flow rate between both reactors.

The unit was heated by means of various independent ovens to
obtain independent temperature control of the air and fuel reactors.
During operation, O, was analyzed at the outlet stream from fuel and
air reactors. A paramagnetic analyzer (Maihak $710/OXOR-P) was
used to determine the O, concentration. Also, temperatures in the fuel
reactor, air reactor, and riser were monitored as well as the pressure
drops in different locations of the system, such as the fuel-reactor bed,
the air-reactor bed, and the loop seal.

The oxygen carrier, Cu60MgAl, was prepared by spray drying. In a
previous work, this material was used to prove the concept of the
CLOU process for coal combustion.” In the present work, a deeper
investigation on the behavior of oxygen-carrier particles is performed.
For this purpose, the continuous unit was used without feeding coal.

2.3. Experimental Planning in the Continuous ICB-CSIC-s1
CLOU Unit. Different experimental tests were carried out using the
same batch of oxygen-carrier particles. The total oxygen-carrier
inventory in the system was around 2.0 kg, being about 0.7 kg in
the fuel reactor. The exact amount of solids in the fuel reactor was
calculated from pressure-drop measurements along the fuel reactor for
each test.

Table 2 shows a compilation of the main variables used in each test.
The capability of the oxygen carrier to evolve gaseous oxygen and to
be regenerated in a cyclic manner was tested in a continuous way. CO,
was used as fluidizing gas in the fuel reactor. However, test AO1 was
carried out using N, as fluidizing media to determine the possible
effect of the surrounding gas on the oxygen-carrier behavior. As in
previous tests, burning coal N, was used to fluidize the fuel reactor.””

The effects of the fuel-reactor temperature (A02—A04), the solids
circulation flow rate (A04—A07), and the gas velocity in the fuel
reactor (A04 and AO8—A10) on the oxygen release rate were analyzed.
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Table 2. Main Data for Experimental Tests in the ICB-CSIC-
s1 Plant

Teg Trr Qiner UginFR tit [OZ],inAR Mpr
test (°C) (°C) (Lw/h)  (m/s) (kg/h) (%) (®)
A01 91§ 900 186 0.11 0.6 21.0 690
A02 91S 900 186 0.11 0.6 21.0 690
A03 927 900 186 0.11 0.6 21.0 690
A04 943 900 186 0.11 0.6 21.0 690
A0S 930 900 186 0.11 0.7 21.0 722
A06 922 900 186 0.11 0.9 21.0 737
A07 891 900 186 0.11 1.3 21.0 740
A08 939 900 280 0.17 0.6 21.0 713
A09 938 900 368 0.23 0.6 21.0 713
Al0 933 900 552 0.35 0.6 21.0 713
All 939 908 552 0.35 0.8 21.0 713
Al2 939 900 552 0.35 0.8 10.5 713
Al3 937 899 552 0.35 0.8 5.3 713
Al4 944 900 552 0.35 0.8 2.7 713
AlS 943 899 552 0.35 0.8 2.0 713
Al6 937 949 552 0.35 0.9 S.3 713
Al7 936 950 552 0.35 0.9 10.5 713
Al8 936 951 552 0.35 0.9 21.0 713

In addition, the regeneration capacity using different O, concen-
trations and air-reactor temperatures were analyzed (A11—A18).

2.4. Data Evaluation. TGA experiments allowed us to determine
the reactivity of the oxygen carriers under well-defined conditions and
in the absence of complex fluidizing factors, such as those derived from
particle attrition and interphase mass-transfer processes. Reactivity
data were obtained in TGA tests from the weight variations during the
reduction and oxidation cycles as a function of time. At least five cycles
of reduction and oxidation were carried out. The oxygen-carrier
conversion was calculated as
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my, — m -
forreduction: X, 4= —> ) Fuar = Foar — (yoz,inARFi“AR - yoz,outARFOlltAR) (14)
Mox = Myed 7
The inlet flow to the air reactor includes the primary and secondary
for oxidation: X, =1 — X, = M~ Mreq air, besides the nitrogen flow coming from the loop seal. In the same
o b My, — Mg (8) way, the inlet flow to the fuel reactor accounts for the fluidizing gas

with m being the mass of the sample at each time, m,, being the mass
of the sample fully oxidized, and m,.4 being the mass of the sample in
the reduced form.

Initially, to establish whether thermodynamic limitations, external
film mass transfer, and/or interparticle diffusion were affecting the
reaction rate, the gas flow rate and the sample weight were varied in
the range of 10—40 Ly/h and 40—100 mg, respectively. It was
observed that the reaction rate was not affected by the amount of
sample used or the flow rate, indicating that external and interparticle
diffusion was not of importance.”® Moreover, O, evolved to the N,
atmosphere was swept away, avoiding the buildup of O, around the
particles.

In the batch fluidized-bed facility, the oxidation degree of the
oxygen carrier was calculated from the oxygen concentration at the
reactor outlet. Taking as reference X, = 1 for the fully oxidized oxygen
carrier, the variation in X,, with the reacting time was calculated for
both the reduction and oxidation steps as

t F
reduction X =1 — f —==(P, Oz,out)dt
to Moktor (9)
. . 1 tz
oxidation X, = X0x|tl+— - / (E.P, Oyin — FnutPOZ,out)dt
nOPtot h

(10)
with F;, being the gas molar flow rate in the reactor, F, being the gas
molar flow rate leaving the reactor, P, being the total pressure, Pg,;,

being the O, partial pressure in the reactor, Pg, ., being the O, partial

pressure exiting the reactor, n, being the moles of molecular oxygen
that can be released from the fully oxidized oxygen carrier, t, being the
time at the beginning of the reduction, ¢, being the time at the end of
the reduction, and t, being the time at the end of oxidation.

In the continuous CLOU unit, mass balances were found to be
accurate using the measurements of the oxygen concentration from the
air and fuel reactors. The flow of oxygen exiting both reactors was
calculated as

FOz,outFR = yOZ,outFREthR

(11)
(12)

The gas flow, F, g, was calculated using the inlet flow to the reactors,
Fi.pr and F ar. Thus, the following mass balance is applied

E E

o1 1

FOZ,outAR = yOZ,outAREmtAR

uFR = Finpr T yozloutFRE)utFR

(13)
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and the nitrogen flow coming from the loop seal. Preliminary results
showed that 40 vol % N, introduced to fluidize the loop seal went to
the fuel reactor and the rest went to the air reactor.

When egs 11 and 13 were combined, the oxygen flow from the fuel
reactor is calculated as

b/ 0O,,0outFR
inFR

F 0,,0utFR —
) 0O,,0outFR

(15)

Similarly, the oxygen flow exiting the air reactor was calculated by
combining eqs 12 and 14 as

L= Yo, inAR

F 0,,0utAR = oz,oumRFinAR

(16)
From these results, it is possible to calculate the stoichiometric index,
@, defined as the ratio between oxygen reacted in the air and fuel
reactors

L= yOZ,outAR

FOZ,in.AR - FOZ,outAR

D

ox (17)
A stoichiometric index lower than unity means that a fraction of the
oxygen released in the fuel reactor comes from the oxygen initially
present in the oxygen carrier. This was the case in non-stationary
periods, when operational conditions were varied. After a few minutes,
the stoichiometric index was around unity, which can be considered a
good verification of the steady-state operation. This means that the
amount of oxygen taken from the air is equal to the amount of oxygen
released in the fuel reactor.

The variation of the solids conversion was calculated from an
oxygen balance in the reactor.

F 0O,,0outFR

MOZFOZ,outFR = 1 RocAX,

(18)

The rate of oxygen generation per unit of mass of solids in the fuel
reactor can be calculated from the O, flow exiting the fuel reactor as

FOZ,outFRMOZ
o, = ———————
)

(19)

MER

3. RESULTS AND DISCUSSION

3.1. Oxygen-Carrier Reactivity in TGA. The oxygen
carrier was first characterized using a TGA to analyze the
oxygen release and regeneration rates as a function of the
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Figure 6. Effect of the oxygen concentration on the (a) reduction and (b) oxidation rates of Cu60MgAl (reduction at 1000 °C and oxidation at 900

°C with different oxygen concentrations in TGA).

number of cycles, temperature, and oxygen concentration. It
was found that both reduction and oxidation reaction rates
were stable with cycles.

Panels of a and b of Figure 5 show the oxygen-carrier
conversion versus time at different reduction and regeneration
temperatures, respectively. The oxygen carrier showed high
oxygen generation rates, reaching full solid conversion in less
than 1 min for the different temperatures used. The effect of
the temperature on the reduction rate was very poor. On the
contrary, the higher the oxidation temperature, the lower the
oxidation reaction rate. This result was due to the effect of the
equilibrium oxygen concentration in the reduction reaction of
CuO to Cu,0O, which implies that the oxidation reaction rate is
carried out with the driving force of the difference between the
inlet oxygen concentration (21 vol % in this case) and the
oxygen concentration at equilibrium at that temperature. It is
necessary to take into account that the reaction rate (r,) in this

type of process depends upon both the actual partial pressure of
oxygen, Pp, and the partial pressure of oxygen at equilibrium

conditions, Pg, -

(roz) = k(Pozreq - Poz) (20)
As shown in Figure 2, the oxygen concentration at equilibrium
is 12.4 vol % at 1000 °C and only 1.5 vol % at 900 °C. In
addition, the sinterization of the CuO layer formed during
oxidati300n3 can affect the reaction rate at different temper-

The effect of the oxygen concentration in the reduction
reaction was also analyzed by TGA. Figure 6a shows the effect
of the oxygen concentration on the reduction reaction at 1000
°C. The oxidation was always carried out using air at 1000 °C
for all of the cycles. As seen, the lower the oxygen
concentration, the higher the reduction reaction rate. On the
other hand, the effect of the oxygen concentration in the
oxidation reaction was shown in Figure 6b at 900 °C. The
reduction was always carried out in N, at 1000 °C for all of the
cycles. The higher the oxygen concentration, the higher the
oxidation reaction rate. These effects are due to the driving
force in the reduction and oxidation reactions, which are the
difference between the oxygen concentration in the reacting gas
and the oxygen concentration at equilibrium (1.5 vol % at 900
°C and 12 vol % at 1000 °C).

3.2. Oxygen-Carrier Behavior in the Batch Fluidized
Bed. Reduction—oxidation multicycles were carried out in the
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batch fluidized-bed reactor to know the oxygen release and
behavior with respect to agglomeration and attrition phenom-
ena during fluidization. A total of 40 h of fluidization at 950 °C
was carried out during 22 consecutive redox periods. As an
example, Figure 7 shows the oxygen concentration at the outlet
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Figure 7. O, concentration as a function of time for 6 consecutive
cycles of reduction—oxidation in the batch fluidized-bed reactor for
Cu60MgAl at 950 °C (reduction with N, and oxidation with air).

of the reactor for 6 consecutive redox periods of the Cu60MgAl
oxygen carrier. A constant reactivity can be seen for both
reduction and oxidation reactions.

Figure 8 shows the solid conversion and oxygen concen-
tration profile during a reduction and regeneration period in a
typical cycle. The equilibrium oxygen concentration at 950 °C
is also shown. As seen, the oxygen carrier showed an oxygen
release rate nearly constant until solid conversion reached 0.7.
During this period, the oxygen release rate was limited by the
thermodynamic equilibrium of oxygen.

The multicycle test carried out in the fluidized bed was also
useful to determine the fluidization behavior of the oxygen
carrier with respect to the attrition and agglomeration
phenomena. Figure 9 shows the attrition rate for the
Cu60MgAl oxygen carrier as a function of the operation
time. The attrition rate of this material was stable, with a very
low value (0.004% h™'), which corresponds to a particle
lifetime of 25 000 h. Moreover, despite the high CuO content
of the material and the high temperature used during
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Figure 9. Attrition rate of Cu60MgAl during multicycle operation in
the batch fluidized bed.

fluidization, the oxygen carrier prepared by spray drying did not
present any agglomeration problems in any of the tests.

3.3. Continuous ICB-CSIC-s1 CLOU Unit. Continuous
operation in the CLOU unit using the Cu60MgAl oxygen
carrier without coal addition was performed to evaluate the
oxygen release behavior without other combustion effects. A
total amount of 40 h in hot fluidization operation using the
same batch of particles was carried out. The effects of the fuel-
reactor temperature, fluidizing gas velocity, and solids
circulation flow rate on the oxygen release rate were analyzed.
In addition, the effect of the oxygen concentration in the air
reactor at different temperatures on the regeneration capability
of the oxygen carrier was studied.

As an example, the evolution with time of the temperature
and oxygen concentration from the air and fuel reactors is
shown in Figure 10 for experimental tests A02—A04. The
temperature was varied in the range of 915—943 °C. At steady
state, the gas outlet concentration and temperature were
maintained uniform during the whole time, which was about
120 min for each experimental condition. A change in the fuel-
reactor temperature affected the oxygen concentration exiting
both the air and fuel reactors. When the temperature was
varied, a transition period appeared and steady state was
reached usually in less than 10 min.

3076

960
6 W F 940
- 920
4 O2,r " 1loo &
—_ LT T <
R 2 fe e~ - 880 o
s 5
s L
g . 860 -
- @
O 21{AR - 940
- 02 g
20 —-~-‘~-"~\-WA-VM-\WUW,....‘~—— 920 =
19 [ et T 900
T
18 - 880
- 860
17 , ; ' '
0 100 200 300 400
time (min)

Figure 10. Evolution of the oxygen concentration in the air and fuel
reactors as the temperature in the fuel reactor was varied for
experimental tests A02—A04. ri1; = 0.6 kg/h, and uy = 0.11 m/s.

Panels a, b, and ¢ of Figure 11 show the oxygen
concentration in the air and fuel reactors during the steady-
state period as a function of the fuel-reactor temperature, the
solids circulation flow rate, and the gas velocity in the fuel
reactor, respectively. The oxygen concentration at equilibrium
conditions are also shown in Figure 11. In addition, panels a, b,
and ¢ of Figure 12 show the oxygen flow exiting both the air
and fuel reactors in each experimental test calculated using eqs
14 and 15 as a function of the fuel-reactor temperature, the
solids circulation flow rate, and the gas velocity in the fuel
reactor, respectively. In addition, the variation of the solids
conversion in the reactor, AX,, was also depicted in Figure 12.

Figure 11a shows that the oxygen concentration in the fuel
reactor increased with the fuel-reactor temperature. In all cases,
the oxygen concentration is close to the equilibrium
concentration (see Figure 11a). Thus, the oxygen-carrier
reduction is fast enough to reach the equilibrium condition.
The oxygen release rate was limited by the thermodynamic
equilibrium of oxygen in the fuel reactor. Higher rates were
obtained in previous works using the same oxygen carrier’>>’
when experiments were carried out with fuel feeding, because
an oxygen sink was there. Figure 12a shows that more O, is
generated in the fuel reactor with the consequent decrease of
the O, concentration in the air-reactor exit (Figure 11a).
Therefore, as the temperature increased, more oxygen is
transferred in each reactor and the variation of the solids
conversion increased correspondingly.

In an industrial CLOU process of solid fuel combustion, a
carrier gas composed of recirculated CO, is most likely used, as
shown in Figure 1. However, in previous works of CLOU
oxygglzlé%rrier evaluations, N, was commonly used as a carrier
gas.” " To evaluate the effect of the fluidization media, test
AO01 was carried out using N, as a fluidizing gas instead of CO,
(test AO2; see Table 2). No differences in the oxygen
concentration and oxygen release rate when CO, or N, was
used as a fluidizing gas were observed. Therefore, previous
experimental results obtained using N, as the fluidization media
are comparable to the results obtained when CO, is used.

Experimental test series AO4—A07 were carried out varying
the solids circulation flow rate to analyze the effect of AX, on
the average reactivity of the oxygen-carrier particles and its
capability to release oxygen. Figure 11b shows the oxygen
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concentration as a function of the solids circulation flow rate.
Unfortunately, it was not possible to maintain a constant
temperature in the fuel reactor when the solids circulation rate
was varied to analyze its effect independent of the variation of
the temperature. The solids coming from the solids reservoir
above the fuel reactor were at a lower temperature than that
existing in the fuel reactor. Thus, a higher amount of solids
must be heated as the solids flow increased and the fuel-reactor
temperature decreased. Nevertheless, it can be seen in Figure
11b that the oxygen concentration in the fuel reactor was close
to the equilibrium concentration in all cases. The oxygen
release rate was shown in Figure 12b as a function of the solids
flow, but again, it was limited by the thermodynamic
equilibrium. A decrease in the solid flow rate increased the
O, flow exiting the fuel reactor and, therefore, the solid
conversion because the fuel-reactor temperature increased.
However, a maximum solid conversion of 0.4 was only reached.
This fact is due to the chosen amount of gas flow used in the
tests that limit the maximum amount of O, exiting the fuel
reactor.

To enhance the oxygen release rate and the solid conversion,
tests AO8—A10 were carried out by increasing the gas velocity
in the fuel reactor. Figure 1lc shows that the oxygen
concentration in the fuel reactor slightly decreased with the
gas velocity. Nevertheless, this decrease in the oxygen
concentration was due to a decrease in the reactor temperature
related with an increase in the gas velocity (see Table 2).
Oxygen concentrations close to the equilibrium conditions
were reached in all cases. Even so, the oxygen flow from the fuel
reactor increased as the gas flow increased (see Figure 12¢). On
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the contrary, the oxygen concentration in the air reactor
decreased as the gas velocity increased (see Figure 1lc).
Indeed, the flow of oxygen transferred in both reactors
increased with the gas velocity in the fuel reactor, and more
oxygen is demanded for regeneration of the oxygen carrier.
Therefore, the rate of reduction of the oxygen carrier is
promoted by increasing the gas velocity in the fuel reactor. This
fact is indicated by the increase in the variation of solids
conversion, AX, (see Figure 12c). The results shown in this
work indicate that the oxygen carrier can release oxygen at
equilibrium conditions in a wide range of the solids conversion,
ie, AX, = 0.05—0.82.

The gas velocity was increased until a value close to the
terminal velocity of the smallest oxygen-carrier particles used. A
further increase of the gas velocity was prevented to avoid the
elutriation of particles from the fluidized bed. The highest value
of the oxygen release rate obtained in the tests was 1 X 107> kg
of O, s7' (kg of oxygen carrier) ™. This value is much lower
than the value obtained in a batch fluidized bed using coal as
fuel [2.6 X 107 kg of O, s (kg of oxygen carrier)™" at 955
°C].*» Because the oxygen concentration was close to the
equilibrium condition, the oxygen release rate was limited by
the existing oxygen concentration (eq 20), even at the highest
gas velocity. Higher values of the oxygen release rate could be
obtained if an increase in the gas velocity was carried out in the
plant.

Other imperative characteristics of the CLOU process, in
comparison to normal CLC, are the especially constrained
operating conditions for the air reactor because of the
thermodynamic limitations of the oxidation of the oxygen
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carrier. The equilibrium concentration of oxygen in the air
reactor will be given by the temperature in the reactor; which is
determined by the temperature of the incoming particles, the
circulation rate, and the heat of reaction in the fuel reactor.

In experiments A01—A10, there was an important oxygen
excess in the air-reactor inlet flow with respect to the oxygen
necessary to oxidize the oxygen carrier. Therefore, the oxygen
concentration at the air-reactor outlet hardly changed during
experiments. However, to maximize the use of air in an
industrial scale, the oxygen concentration at the outlet must be
near equilibrium. To simulate the operation conditions in an
industrial reactor, the oxygen concentration in the air-reactor
inlet was reduced to values near the corresponding equilibrium
at two different air-reactor temperatures.

Experimental tests A11—A1S5 analyze the effect of the oxygen
concentration in the air-reactor inlet on the oxygen
concentration outlet stream of the air and fuel reactors. Panels
a and b of Figure 13 show the effect of the oxygen
concentration in the air-reactor inlet on the regeneration
behavior and the capability of the oxygen carrier to release
oxygen in the fuel reactor at different air-reactor temperatures,
900 and 950 °C. The fuel reactor was fixed at 940 °C. In both
cases, the oxygen flow in the air reactor was enough to
complete oxidization of the oxygen carrier. The oxygen
concentration in the fuel-reactor outlet was close to the
equilibrium concentration in all tests. At the lowest oxygen
concentration in the air-reactor inlet, a small variation was
found because of small changes in the fuel-reactor temperature.
These results demonstrate that it is possible to completely
regenerate the oxygen carrier with oxygen concentrations in the
air reactor near equilibrium concentrations. Although the
oxidation rate decreased as the oxygen concentration in the air-
reactor inlet decreased, as found in TGA experiments (Figure
6), the oxidation rate was still fast enough to regenerate the
oxygen carrier in the air reactor and did not affect to the oxygen
release in the fuel reactor.

Finally, experimental tests A16—A18 analyze the effect of the
oxygen concentration of the air-reactor inlet at the temperature
of 950 °C in the air reactor, which is higher than the
temperature in the fuel reactor (940 °C). Apparently, this
operation condition is unfavorable because the reaction in the

20,32 . : . o
fuel reactor” > is exothermic. However, this condition can be
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teasible depending upon the energetic integration of the CLOU
system with the heat recovery system of the whole plant. At 950
°C in the air reactor, the effect of the inlet oxygen
concentration in the air reactor is the same as observed at a
lower temperature in the air reactor.

These results reveal that the system can be operated under
these conditions, at least regarding the capability of the oxygen
carrier to transfer oxygen from air to fuel. These results are
unique and very relevant because they indicate that it is not
necessary to work at a lower air-reactor temperature than the
fuel-reactor temperature or with a high oxygen excess in the air
reactor. There are no restricted operation conditions in the air
reactor other than the thermodynamic equilibrium, if the
oxygen-carrier reactivity is high enough for oxidation, as found
with the Cu60MgAl oxygen carrier. However, a higher
temperature in the air reactor could decrease the O, use in
the air reactor.

3.4. Characterization of Used Cu60MgAl Oxygen-
Carrier Particles. Solids samples extracted from batch reactor
tests after 40 h of fluidization and from the fuel and air reactors
after 20 and 40 h of continuous operation in the CLOU unit
were characterized by different techniques. Table 1 shows
relevant properties for used particles compared to the fresh
particles.

The XRD analysis of used particles revealed the presence of
CuO and MgAl,O, as major components. Thus, no changes in
the chemical structure of the material were observed. In
addition, XRD results of some reduced samples taken from the
fuel reactor of the CLOU unit at different times showed only
Cu,0 and MgAl,O, as main components. That is, metallic Cu
was never detected in the samples, even in those tests where the
variation of the solids conversion was close to unity.

SEM images of used particles from the air reactor after 40 h
of operation in the CLOU unit are shown in Figure 3 (left).
Cu60MgAl particles showed an increase of the superficial
(Figure 3d) and internal (Figure 3e) porosity. EDX analysis
showed that internal CuO distribution inside the particles was
uniform and has not changed after 40 h of continuous
operation in the CLOU unit. However, an important amount of
broken particles can be observed.

The copper content of all samples was determined by
complete reduction in TGA using 15 vol % H, at 850 °C. In all
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Figure 14. Conversion versus time curves for (a) reduction and (b) oxidation reactions for fresh and used after 20 and 40 h in the CLOU unit

particles (reduction in N, and oxidation in air at 1000 °C in TGA).

cases, fresh and used particles, the CuO content was 60 wt %.
In addition, the reactivity of samples taken after 20 and 40 h of
operation in the CLOU unit was determined by TGA at 1000
°C in N, for the decomposition reaction and in air for the re-
oxidation. A similar behavior was found for fresh and used
particles of CU60MgAL. Figure 14 shows the conversion versus
time curves obtained for the decomposition and oxidation
reactions for the used samples, as well as for fresh oxygen
carrier. The maintenance of the initial reactivity can be clearly
seen for used particles in both decomposition and oxidation
reactions. This fact justifies the unchanged capability to release
oxygen at equilibrium conditions and to be re-oxidized by air
observed in the CLOU unit after the high number of
reduction—oxidation cycles suffered by the oxygen-carrier
particles.

Very low values of the BET surface area were measured for
all samples, fresh and used, around 0.5 m?/ g. However, fresh
particles had a low-porosity development (16.1%) that was
increased until 40.3% after 40 h of operation in the continuous
CLOU unit. In addition, an important reduction in the crushing
strength of the particles as the operation time increased was
found. Values lower than 1 N were reached after continuous
operation. The reduction in the crushing strength of the
particles was related to an increase in the porosity as the
operation time in the CLOU unit increased (see Figure 15). A
similar behavior can also be observed in Figure 15 with the
porosity and the crushing strength of the particles used in the
batch fluidized-bed reactor. The particle integrity in the ICB-
CSIC-s1 plant after 40 h of continuous operation was very low.
The formation of an important amount of fine particles
entrained from the air reactor forced the stoppage of the
operation. This clearly indicates the need to improve the
lifetime of this kind of material for its use in a CLOU process of
coal combustion.

However, with regard to the agglomeration behavior, it must
be pointed out that, in both the batch fluidized-bed reactor (40
h) and during continuous operation in the CLOU unit (40 h),
the oxygen-carrier particles never showed agglomeration
problems, even when the oxygen carrier was highly reduced,
ie, AX, = 0.7—0.82.

4. CONCLUSION

In this work, an oxygen carrier prepared by spray drying
containing 60 wt % CuO and MgAl,O, as supporting material
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Figure 15. Crushing strength as a function of porosity for Cu60MgAl
particles: (@) used in the ICB-CSIC-s1 unit and (OJ) used in the batch
fluidized-bed reactor. The operation time in the ICB-CSIC-s1 unit is
also shown.

was evaluated. First, the oxygen release rate and the fluidization
behavior, with regard to the agglomeration and attrition rate,
were analyzed in a TGA and a batch fluidized bed, respectively.
High reaction rates for both oxygen release and oxidation were
found.

The effects on the oxygen release rate of the fuel-reactor
temperature, the solids circulation flow rate, and the fluidizing
gas velocity in the fuel reactor were then analyzed in a
continuous CLOU unit. It was found that the flow of oxygen
transferred in both reactors increased with the fuel-reactor
temperature and the gas velocity in the fuel reactor. The oxygen
carrier was able to produce oxygen at equilibrium conditions in
all of the operational conditions analyzed, even at high
conversion of the oxygen carrier.

In addition, the regeneration capacity using different O,
concentrations and temperatures in the air reactor was
analyzed. A decreased in the oxygen concentration in the air-
reactor inlet did not produce a variation in the oxygen
concentration in the fuel-reactor outlet independent of the air-
reactor temperature (higher or lower than the fuel-reactor
temperature). These results are very relevant because they
indicate that it is not necessary to work at a lower air-reactor
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temperature than the fuel-reactor temperature or with a high
oxygen excess in the air reactor.

During 40 h of continuous operation, the oxygen-carrier
particles never showed agglomeration problems. In addition,
the CuO content and the oxygen-carrier reactivity were
maintained constant. However, an important reduction in the
crushing strength of the particles related to an increase in the
porosity as the operation time in the CLOU unit increased was
found. The formation of an important amount of fine particles
entrained from the air reactor forced the stoppage of the
operation after 40 h of operation in the ICB-CSIC-s1 plant.
This fact indicates the need to improve the lifetime of this
oxygen carrier for it use in coal combustion by the CLOU
process.
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B NOMENCLATURE

k = kinetic constant (mol atm™ s7')
F, = molar flow of oxygen (mol/s)

F.rr = gas flow introduced in the fuel reactor (mol/s)
Fiar = gas flow introduced in the air reactor (mol/s)
F,uar = gas flow exiting the air reactor (mol/s)

F,.rr = gas flow exiting the fuel reactor (mol/s)

M, = molecular weight of oxygen (kg/mol)

m = mass of oxygen (kg)

My, = mass of the sample fully oxidized (kg)

M,eq = mass of the sample fully reduced (kg)

tir, = solids circulation rate (kg/s)

meg = mass of solids in the fuel reactor (kg)

n, = moles of molecular oxygen (mol)

P, = total pressure (atm)

Py, = partial pressure of O, incoming to the reactor (atm)

Po,
Py, = partial pressure of O, (atm)

out = partial pressure of O, exiting the reactor (atm)

Po,eq = partial pressure of O, at equilibrium conditions
(atm)

Qinpr = volumetric gas flow (m?/s)

ro, = rate of oxygen generation [kg of O, s7' (kg of OC)™]
Roc = oxygen transport capability

T = temperature (°C)

t, = time at the beginning of the reduction period (s)

t, = time at the end of the reduction period (s)

t, = time at the end of the oxidation period (s)

ug = gas velocity (m/s)

U = minimum fluidizing velocity (m/s)

X.eq = OXygen carrier conversion during the reduction period
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X,x = oxygen carrier conversion during the oxidation period
Yo, = molar fraction of oxygen

Greek Letters
AH, = enthalpy of reaction (kJ/mol)
AX; = variation of oxygen carrier conversion between the air
and fuel reactors
@, = stoichiometric index

Acronyms
AR = air reactor
BET = Brunauer—Emmett—Teller
CLC = chemical looping combustion
CLOU = chemical looping with oxygen uncoupling
FR = fuel reactor
in = inlet
IPCC = Intergovernmental Panel on Climate Change
OC = oxygen carrier
out = outlet
XRD = X-ray diffractometer
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ABSTRACT: The chemical-looping with oxygen uncoupling (CLOU) process is a novel solution for efficient combustion with
inherent separation of carbon dioxide. The process uses a metal oxide as an oxygen carrier to transfer oxygen from an air to a fuel
reactor. In the fuel reactor, the metal oxide releases gas phase oxygen, which oxidizes the fuel through normal combustion. In this
study, Cu-based oxygen carrier materials that combine different supports of MgAl,O,, TiO,, and SiO, are prepared and
characterized with the objective of obtaining highly reactive and attrition resistant particles. The oxygen carrier particles were
produced by spray-drying and were calcined at different temperatures ranging from 950 to 1030 °C for 4 h. The chemical-looping
performance of the oxygen carriers was examined in a batch fluidized-bed reactor in the temperature range of 900—950 °C under
alternating reducing and oxidizing conditions. The mechanical stability of the oxygen carriers was tested in a jet-cup attrition rig.
All of the oxygen carriers showed oxygen uncoupling behavior with oxygen concentrations close to equilibrium. During reactivity
tests with methane, oxygen carriers with lower mechanical stability showed higher reactivity, yielding almost complete fuel
conversion. Oxygen carrier materials based on support mixtures of MgAl,O,/TiO,, MgAl,0,/SiO,, and TiO,/SiO, showed a
combination of high mechanical stability, low attrition rates, good reactivity with methane, and oxygen uncoupling behavior.

1. INTRODUCTION N: O CO, H0

The intergovernmental panel on climate control (IPCC) has
suggested that a 50—85% reduction in total CO, emission is
necessary by 2050 to restrict the predicted global temperature
rise to 2 °C." In order to mitigate the increasing levels of carbon Air Fuel
dioxide in the atmosphere, several technologies have been
proposed. Among suggested alternatives, one solution is to
reduce the CO, emissions in combustion processes by means of a
scheme, generally called Carbon Capture and Storage (CCS).
However, the greatest drawback with most of the proposed Air Fuel (CoHan)
processes is that there are large costs and energy penalties
incurred due to gas separation steps needed in order to obtain

Reactor Reactor
0y1

Figure 1. Schematic of the chemical-looping combustion (CLC)

CO, in a pure form. Consequently, the overall efficiency of the process.
Il)g;ver Eenera.tlon process may decrease bY appr_ox1matelx 7— 2Me,O,_; + O, = 2Me,O, )
0, when using conventional capture technlques In comparison
to combl}stion V\.rithout garbon captu‘re. One solzution for this Here, Me,O, and Me,O, ; are the oxidized and the reduced
problem is chemical-looping combustion (CLC). forms of an oxygen carrier. C,H,,, is the fuel, which could be gas,
The principle concept of the chemical-looping combustion liquid, or solid. In the event of complete fuel conversion, the
process is based on two interconnected reactors, an air and a fuel exhaust stream from the fuel reactor would ideally consist of only
reactor, with an oxygen carrier circulating between them.>™® The CO, and water steam, from which pure CO, could be obtained
scheme of the CLC process is shown in Figure 1. When fuel and after condensing the water. The reduced oxygen carrier
air are introduced into the respective reactors, the following (Me,O,_,;) would then be circulated back to the air reactor to
reactions occur, i.e., reaction 1 in the fuel reactor and reaction 2 in reoxidize with air, thus becoming ready for the next cycle. The
the air reactor: reaction in the fuel reactor can be either endothermic or

exothermic depending on the fuel and the oxygen carrier;
(2n + m)Me,O, + C,H,,,

Received: April 16, 2013

= (21 + m)Me,0,_; + nCO, + mH,0 (1) Published: June 24, 2013
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however, the oxidation of the oxygen carrier in the air reactor is
always exothermic.® By combining the reduction, eq 1, with the
oxidation, eq 2, it is seen that the overall reaction becomes
identical with the conventional combustion process, which
shows that the CLC process does not entail any direct energy
penalty for CO, separation.

The chemical-looping combustion (CLC) process was initially
introduced by Lewis and co-workers’ to produce a pure stream of
CO,. In 1994, Tshida and Jin® suggested that this technique could
be used for CO,-capture from power plants. In 2001, Lyngfelt et
al.> proposed a unit consisting of two interconnected fluidized-
bed units to implement the chemical-looping combustion
process. The process was first demonstrated for gaseous fuels
in 2003.” Later, Kolbitsch et al.'° designed, built, and operated a
120 kW unit consisting of two circulating fluidized bed reactors.
To date, CLC has been successfully demonstrated in a number of
units of sizes up to 120 kW'' and overviews of current
achievements in CLC are §iven by Lyngfelt,""'> Hossain and de
Lasa,'® and Adanez et al.!

In general, the use of solid fuels, such as coal, in CLC requires
one more step than the combustion of gaseous fuels. Solid fuel
conversion through direct solid—solid contact between the
oxygen carrier and the fuel is not expected to occur at an
appreciable rate. Hence, there are two options for using solid
fuels in this case, CLC with gasification of solid fuels S and
chemical-looping with oxygen uncoupling (CLOU).'® The first
approach involves gasifying the char that remains after
devolatilization in the presence of steam, which produces CO
and H,. These gases can then react with the oxygen carrier to
produce CO, and H,O similar to eq 1. However, in the case of
CLOU, an oxygen carrier provides gaseous oxygen during the
reduction phase, according to eq 3, and the char reacts directly
with the uncoupled gaseous oxygen:

Me,O, = Me,O,_, + O, (3)
The reduced oxygen carrier is then transferred to the air reactor
for reoxidation. The overall heat of reaction for the CLOU
process is the same as for CLC, and only the mechanism by
which the fuel accesses the oxygen in the carrier is different.
Furthermore, the CLOU process benefits from avoiding the slow
gasification of the solid fuel that is needed to produce the
synthesis gas that can react with the oxygen carrier.'® It should be
emphasized that the oxygen carrier in CLOU must be able to
both react with O, (oxidize) and release O, at temperatures
suitable for the process, i.e., 800 to 1200 °C.

The most commonly proposed approach to realizing CLC is to
use interconnected fluidized-bed reactors in a fashion similar to
the circulating fluidized-bed boiler (CFB),? the difference being
that CLC will require an active oxygen carrier rather than inert
sand as the bed material. Conventional CFB boilers often operate
at an air to fuel ratio of about 1.2, which in the case of CLC
corresponds to an outlet oxygen concentration from the air
reactor close to 5%. It is important to note that this concentration
is somewhat higher than in normal combustion since the flue gas
from the air reactor does not contain CO,. As a result of this,
oxide systems with an equilibrium oxygen partial pressure lower
than 5% at temperatures typical of the air reactor are desirable.
Otherwise, a higher air ratio than in the conventional combustion
process will be required, which would result in a higher heat loss
due to a larger flue gas stream. Moreover, the oxygen carrier
should also be able to release a sufficiently large amount of
oxygen in the fuel reactor and at a sufficiently high rate. Thus, the
choice of oxygen carriers for the CLOU process is limited by
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these kinds of considerations. Demonstration of the CLOU
process'” has proven the advantage of this technology over the
CLC process, where slow gasification is an imperative step.'®
Moreover, the solids inventory in the fuel reactor of the CLOU
process would be lower than in CLC,"**® which means avoiding
the need for a carbon stripper for reaching a high CO, capture
rate.”

An essential aspect in the development of the CLC and the
CLOU processes is the selection of oxygen carrier materials with
reasonable reactivity. Oxygen carriers consisting of oxides of
transition metals (Mn, Fe, Co, Ni, and Cu), their mixtures, and a
number of natural minerals (ores), industrial wastes, and
byproducts have been investigated in CLC and CLOU."'~** In
general, important characteristics of the oxygen carriers are
reactivity during oxidation and reduction over a large number of
cycles and the ability to fully convert the fuel. Furthermore,
thermal and mechanical stability, proper fluidization character-
istics, and resistance to attrition and agglomeration are sought-
after properties. One way of achieving these properties in oxygen
carriers is to combine the active phase (carrier oxide) with an
inert support such as TiO,, SiO,, ZrO,, AlL,O; or MgALO,
during garticle fabrication and/or heat-treating the oxygen
carriers.

Considerable attention has been given to copper-oxide
materials as efficient oxygen carriers, owing to their high oxygen
transport capacity, high reactivity, and absence of thermody-
namic limitation, for the complete conversion of the fuel 1114
Among various investigated supports for CuO oxygen carriers,
Al,O, has been extensively used.”' > However, when Al,Oj is
used as the support, there is a facile interaction between CuO and
Al,O;, during either fabrication or operation, which results in the
partial loss of CuO and CLOU behavior due to the formation of
copper(Il) aluminate (CuAlLO,) and copper(I) aluminate
(CuAlO,; delafossite) phases.”' > Since the copper-aluminate
phases are highly reducible,”' > this interaction does not
necessarily create any obstacle with respect to CLC application.
For application in CLOU, however, this interaction should be
hindered in order to preserve CuO as the active phase, for
instance by using other supports such as TiO,, ZrO,, SiO,, or
MgAlLO,.

Most of the studies using Cu-based oxygen carriers have been
carried out at low temperatures (~800 °C) where the CLOU
effect is minor, ie., the application for CLC."'™"* However, at
higher temperatures (~950 °C), an increase in the carbon
conversion rate in the presence of CuO particles has been
reported and has been associated with the direct oxidation of
char.” Tt is now well established that CuO decomposes to Cu,O
when the actual concentration of oxygen is lower than the
equilibrium concentration.'® Consequently, oxygen is released,
which allows CLOU to take effect. For temperatures of 900 and
925 °C, this occurs at oxygen concentrations below 1.5 and 2.7%,
respectively.'® Thus, from a CLOU point of view, the optimum
temperature of the air reactor is most likely in the range of 900 to
925 °C for Cu-based oxygen carriers. Research has also been
conducted on Cu-based oxygen carriers in the temperature
regime applicable for CLOU in fluidized-bed batch reac-
tors, &19202333=39 o htinuous operations,17’34‘4°’4l and ther-
mogravimetric studies,>>**~** with and without supports.

The major issue in the development of Cu-based oxygen
carriers for CLOU has been the mechanical stability of the
carriers during continuous operation. One suitable and often-
used criterion for characterizing the mechanical integrity of
oxygen carriers has been the crushing strength (CS), ie., the
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Table 1. Oxygen Carriers Prepared in This Work

oxygen carrier” active phase (content [wt %]) support phase (content [wt %]) crushing strength (CS) [N] comments
CAT6_950 32
C4T6_970 TiO, (60) 41
C4T6_1000 — formation of melt
C4MA6 1000 0.6
C4MA6_1030 MgALO (60) 0.8
C4S6_1000 $i0, (60) 0.7
C456_1030 0.5
C4MA4T2_970 1.0
C4MA4T2_1000 MgALO, (40), TiO, (20) 15
C4MA4T2_1030 — formation of melt
C4MA2T4 970 13
C4MA2T4_1000 MgALO, (20), TiO, (40) 1.0
C4MA2T4_1030 — formation of melt
C4MA4S2_970 CuO (40) . formation of soft particles
C4MA4S2_1000 MgALO, (40), SiO, (20) 14
C4MA4S2_1030 1.7
gzﬁz:_iggg MgALO, (20), SiO, (40) : formation of soft particles
C4T4S2_950 1.7
CA4T4S2_970 TiO, (40), SiO, (20) 18
C4T4S2_1000 — formation of melt
C4T284 1000 ' , L1

- TiO, (20), SiO, (40)

C4T2S4_1030 1.0

C4MA2T2S82_950
C4MA2T2S2_970
C4MA2T252_1000
C4MA2T2S2_1030

MgALO, (20), TiO, (20), SiO, (20)

formation of melt

“Example of nomenclature for the oxygen carriers. C4MA4T2_1000: C4, 40 wt % CuO; MA4, 40 wt % MgAl,O,; T2, 20 wt % TiO,; 1000, sintering

temperature [°C].

force needed to fracture a single particle. Oxygen carriers with a
crushing strength above 1 N have generally shown better
performance with respect to attrition in continuous operation. A
recent investigation has shown that oxygen carrier particles with a
crushing strength above 2 N are more likely to resist attrition
than softer particles.*> For Cu-based oxygen carriers, MgAl,O,-
supported CuO materials have been successfully used as the
CLOU oxygen carrier in continuous operation,”’40 showin%
complete fuel conversion and high carbon capture efficiency.”

Although the crushing strength of the fresh particles has been
reported above 1 N, their mechanical stability has been found to
decrease substantially after 40 h in continuous operation.**
Nevertheless, the oxygen uncoupling behavior and fuel
conversion of these particles was not affected.

The aim of this study is to investigate whether combining
different supports of MgAl,O,, TiO,, and SiO, could potentially
increase the mechanical stability of Cu-based oxygen carriers for
the CLOU application. The oxygen uncoupling property of these
oxygen carriers during N, exposure and their reactivity with
methane in the temperature range of 900—950 °C has been
assessed. In addition, the oxygen carriers have been evaluated in a
jet-cup attrition rig with regard to their attrition resistance and
mechanical integrity.

2. EXPERIMENTAL SECTION

2.1. Preparation and Fabrication of the Oxygen Carriers. The
oxygen carriers prepared in this investigation are summarized in Table 1.
The particles were manufactured by spray-drying at VITO (Flemish
Institute for Technological Research, Belgium). In this technique, a
water-based slurry of CuO (Sigma Aldrich) and the intended
combination of support powders of MgAl, O, (S30CR, Baikowski),
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TiO, (Alfa Aesar), and SiO, (SilverBond M800, Sibelco) were prepared.
All particles were prepared to obtain 40 wt % CuO and 60 wt % support
material, but the support materials were combined in different ratios of
20/40 wt % (or 40/20 wt %) and 20/20/20 wt %. The powder mixtures
were then ball milled, and organic binders were added prior to spray-
drying. During continuous stirring, the slurry was pumped through a
spray-drying nozzle to form spherical particles which were then injected
into the hot spray-drying chamber. After drying and collecting, the
fraction between 106 and 212 ym was separated from the rest of the
batch by sieving. This was followed by calcination of the material at the
selected temperature indicated in Table 1 for 4 h. The calcined material
was sieved through stainless steel screens to yield particles in the range of
125—180 pm. It should be mentioned that it was not possible to obtain
any materials with a combination of all three supports, i.e. C4AM2T2S2,
because the materials melted during calcination, even at lower
temperatures. Also, the C4AM2S4 formulation failed because the
calcined particles were too soft. It may be possible that the combination
of the different supports and the active phase with the given composition
resulted in mixtures with a lower melting point than the pure substances.
This is a phenomenon common in solid mixtures consisting of different
oxides when heat-treated at high temperatures.

2.2. Characterization of the Oxygen Carriers. The crystalline
phases of the oxygen carriers were identified using powder X-ray
diffraction (Bruker AXS, D8 Advanced) with Cu Kal radiation. The
bulk (tapped) density was obtained for particles in the size range of
125—180 pim with a graduated cylinder. The Brunauer—Emmett—Teller
(BET) specific surface area was determined using N,-adsorption
(Micromeritics, TriStar 3000). The particle size distribution (PSD) was
calculated using a light microscope (Nikon, SMZ800) and Image]
software,* which measured the area of an ellipse fitted to a large number
of particles. The crushing strength, i.e., the force needed to fracture a
single particle, was found by using a digital force gauge (Shimpo, FGN-
S) for particles in the size range of 180—250 pm. Thirty measurements
were made for every sample, and the average measurement was chosen
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as the representative crushing strength. The morphology of the particles
was examined with an environmental scanning electron microscope
(ESEM) fitted with a field emission gun (FEI, Quanta 200).

The attrition rate of the particles sized 125—180 ym was measured
using a customized jet-cup attrition rig,45 which simulates the effects of
grid jet attrition and cyclone attrition in a circulating fluidized-bed
combustor. The jet-cup attrition rig consisted of a conical cup located at
the bottom of the apparatus with a nozzle that was tangentially
introduced in relation to the cup wall. The cup was placed at the bottom
of a gravitational particle-gas separator, which was an additional cone.
Due to the increasing cross-section area in the upper cone, the gas
velocity in the settling chamber was much lower compared to the inlet.
Therefore, the low gas velocity in this upper region allowed the
elutriated particles to fall back into the cup, while the produced fines
were allowed to exit. At the top of the apparatus, a particle filter with a
mesh size of 0.01 ym was mounted to collect the fines. Approximately, S
g of a fresh sample was placed inside the cup, and the apparatus was
assembled. Air at 10 L/min was introduced at the nozzle, which
corresponds to an air jet velocity of approximately 94 m/s. In order to
avoid static electricity, which otherwise would cause particles to adhere
to the inner walls of the apparatus, the air was humidified by bubbling it
through a column of water. Six measurements at 10 min intervals were
made for every sample. These experiments were carried out at room
temperature and near atmospheric pressure.45

2.3. Experimental Setup and Procedure in the Fluidized-Bed
Reactor. A laboratory-scale fluidized-bed reactor system was used for
examining the oxygen uncoupling behavior and the reactivity of the
oxygen carriers. The scheme of the experimental setup used in this
investigation is shown in Figure 2. The dimensions of the quartz reactor

® O O

t

[

_—— 5 €
| | 25 Oven

o0

Data Gas a3

Acquisition Analyzer =
\ | Reactor

Ventilation

Figure 2. Schematic of the experimental setup used in this investigation.

were as follows: 870 mm high and 22 mm in inner diameter with a
porous quartz plate located at a height of 370 mm from the bottom. The
reactor temperature was measured with chromel-alumel (type K)
thermocouples sheathed in inconel-600 located about S mm below and
25 mm above the plate. Pressure transducers (Honeywell) were used to
measure the pressure drop over the bed of particles and the quartz plate
at a frequency of 20 Hz. The pressure drop over the quartz plate was
approximately constant for constant flows. Thus, it was possible to
determine if the particles were fluidized or not, by measuring the
fluctuations in the pressure drop; i.e., a defluidization would be noted
from a decrease in pressure fluctuations. The exit gas stream from the
reactor was led into a condenser to remove the water that was generated
during the oxidation of the fuel. The composition of the dry gas was
measured using a Rosemount NGA-2000 analyzer which measured the
concentration of O, through a paramagnetic channel and CO,, CO, and
CH, through infrared channels with correction for other measured
gases.
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Fifteen grams of the sample was placed on the porous plate, and the
reactor was heated to 900 °C in an 11% O,—balance N, mixture, in order
to oxidize the oxygen carrier fully, prior to experiments. In previous
investigations using the same experimental setup,zs'47 a 5% O, stream
was used during the oxidation phase. This was done in order to
determine whether the oxygen carrier could be oxidized under oxygen
deficient conditions similar to those at the outlet of the air reactor in a
realistic CLC unit. The rationale of using an 11% O, stream instead, in
this study, was to accelerate the oxidation process, particularly at 950 °C,
at which point the equilibrium oxygen concentration over CuO—Cu,O
is approximately 4.5%. Hereinafter, the term “cycle” will be used to mean
a redox cycle involving the reduction of the oxygen carrier sample in
inert gas or fuel, followed by oxidation with the aforementioned 11% O,
mixture. A set of three inert gas (N,) cycles was carried out at 900, 925,
and 950 °C for 360 s, to investigate the oxygen release. Subsequent to
the inert cycles, fuel cycles with 100% methane for 20 s during the
reduction period were carried out at 900, 925, and 950 °C. Nitrogen was
used as an inert purge for 60 s in between the oxidation and reduction
periods. Each cycle was repeated three times to establish reproducibility
of the performance. Thus, the performance of the oxygen carriers was
evaluated in a total of 18 cycles corresponding to approximately 8 h of
operation under hot conditions in the fluidized-bed reactor. Flow rates
of 450, 600, and 900 mLy/min were used during reduction, inert, and
oxidation, respectively. These flow rates were chosen to achieve a value
of the superficial gas velocity, U, in the reactor approximately 4—12, 8—
23, and 13—3S times higher than the calculated minimum fluidization
gas velocity, U, of the oxygen carrier particles during reduction (with
methane), inert, and oxidation periods, respectively. The minimum
fluidization velocity, Uy, was calculated by using the correlation given
by Kunii and Levenspiel.*® However, it should be noted that due to gas
expansion during reduction, the actual velocity in the bed was higher, as
1 mol of CH, was converted to 1 mol of CO, and 2 mol of H,O. There
was no carbon deposition during the reduction period, which would
have been identified by way of carbon burnoff in the subsequent
oxidation period. This was due to the fact that the oxygen available in the
oxygen carriers was more than the stoichiometric demand of the fuel.

2.4. Data Analysis. The reactivity of a given oxygen carrier has been
quantified in terms of gas yield or conversion efficiency, 7, and has been
defined as the fraction of fully oxidized fuel divided by the carbon
containing gases in the outlet stream, in this study CO,, CO, and CH,.

Yeo,

Yew, =™
Y Yoo, Ten, T o

4)

Here, y; denotes the concentration (vol %) of the respective gas
measured with the gas analyzer.

In order to facilitate a comparison between different oxygen carriers at
varying temperatures, ¥cy, .ve is used, which is defined as the average of

gas yield in eq S for the entire reduction period.
The mass-based conversion of the oxygen carrier, ®, is defined as

w = —

Mox

©)

where m is the actual mass of the oxygen carrier during the experiments.

Equation 6 is employed for calculating w as a function of time during
the reduction period from the measured concentrations of various
gaseous species:

wizl—j

0

h ﬁouMO
—(4yCOZ + 2)/02 — sz) dt ©)

where ), is the instantaneous mass-based conversion at time t,, 1, is the
molar flow rate of the dry gas at the reactor outlet as measured with the
analyzer, M, is the molar mass of oxygen, and t, and ¢, are the initial and
final times of measurement.

3. RESULTS

3.1. Oxygen Uncoupling of the Carriers. Reduction—
oxidation multicycles were carried out in a fluidized-bed reactor
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Figure 3. Measured and equilibrium oxygen concentrations during the inert period at different bed temperatures for (left) C4S6_1000 and (right)

C4MA4T2_970.
100 — —10 B 40 — —10 1
X7
- , * xx 1 940 | XXX . 940
= X —_ x X %
9 ’ Xy X ¥ X% x
= 80— Temperature x %8 e = Temperature » x=Xg i
2 éxx—x‘xxﬂxxxx = 2 305X 3% s o0 5 X X -
-% - 1 = 920 5 % 1 = 920 5
*‘é 60 measured CO2 s é 1< “'é r measured CO2 e § 1<
g g £ g equilibrium0p | & £
8 I equilibrium O3 in-reactor 02 | § 00w g 20~ ) § 00w
< 8 e < . o 3
5 40 — —4 5 1€ 5 | in-reactor 02 —14 5 1€
o @ o - o o
S | -1 & | o ~] X |~
S = - _ _ 1 s Sk ~ — - & 880
S 20 "TTTTTTTT -2 1 § beereeie-- —2 1
o °© L co— Iy  N,-mm---C
- 1 860 —| r co "5 860 —|
o T I T I T l T I T 0 = D T I T I T I T I T o =
0 20 40 60 80 100 0 20 40 60 80 100
Time [s] Time [s]

Figure 4. Concentration and temperature profiles for C4MA6_1030 (left) and C4MA4S2_1030 (right) during reduction cycle with methane at 925 °C.
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Figure 5. Reactivity (gas yield, 7, vs. mass based conversion, @) of oxygen carriers with methane as the fuel at 950 °C for oxygen carriers with CS > 1

(left) and oxygen carriers with CS < 1 (right).

to investigate the oxygen release behavior of the oxygen carriers,
the reactivity with methane, and the fluidization behavior of the
materials with respect to agglomeration and/or defluidization.
The oxygen carriers with only TiO, (C4T6) and with a
combination of 20 wt % TiO, and 40 wt % SiO, (C4T2S4) as the
support agglomerated during the first inert cycle and thus were
not further investigated. As an example, Figure 3 shows the
oxygen concentration in the outgoing gas from the reactor for the
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C4S6_1000 and C4MA4T2_970 oxygen carriers and the
corresponding equilibrium oxygen concentration at three
different temperatures, i.e. 900, 925, and 950 °C. During the
inert period, the majority of the oxygen carriers investigated in
this study released oxygen close to the corresponding
equilibrium concentration at the different temperatures studied.

3.2. Reactivity of the Oxygen Carriers. Figure 4 shows the
gas concentration and the temperature profiles during the

dx.doi.org/10.1021/ef401161s | Energy Fuels 2013, 27, 3918—3927
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reactivity test with methane at 925 °C for the C4MA6_1030 and
C4MA4S2_1030 oxygen carriers. It can be seen that for
C4MAG6_1030 as the oxygen carrier, Figure 4 (left), there is
complete conversion of fuel to CO, and H,O. During reduction,
the temperature in the bed increased by approximately 25 °C,
and thus the oxygen carrier released more oxygen. This and the
complete fuel conversion obtained here are primarily due to the
fast rate of oxygen release from this carrier. The high reactivity of
the C4MAG6_1030 formulation is also in conformity with
previous investigations using the MgAl,O,-supported CuO
oxygen carrier.'2®?¥3%354%" gubsequent to reduction, the
oxygen carrier continued releasing oxygen close to equilibrium
concentration. It should be noted that the in-reactor O,
concentration accounts for the dilution created by water
produced during the conversion of methane, which was later
removed in the condenser. For C4MA4S2_1030 as the oxygen
carrier, Figure 4 (right), there was incomplete conversion of
methane and unconverted products, such as CO and CH,,
observed at the reactor’s outlet stream. Moreover, during the
reduction, the release of O, from the oxygen carrier decreased.
These effects could be attributed to the much slower rate of
oxygen release for this carrier than for the C4MA6_1030
material.

Figure S shows the gas yield as a function of the mass-based
conversion of all of the investigated oxygen carriers at 950 °C
using methane as the fuel for the third repeated cycle. It can be
observed that, in general, oxygen carriers with a higher crushing
strength, as shown in Figure S (left), exhibited a lower reactivity
or slower rate of oxygen release than those with a lower crushing
strength, as illustrated in Figure S (right). Thus, most of the
oxygen carriers with a crushing strength of 1 or lower exhibited
close to complete conversion of the fuel. For instance, oxygen
carriers prepared with only MgAL O, (C4MAG) or SiO, (C4S6)
as the support showed the highest reactivity during methane
conversion with y close to 1 and a change in the mass-based
conversion, w, of the carriers of approximately 2%. However,
when mixtures of these supports were used (C4MA4S2), the
reactivity of the oxygen carriers decreased substantially. It may be
possible that the addition of SiO, resulted in lowered gas
diffusion in the oxygen carriers in comparison to their
counterparts with single-phase supports. However, this was not
the case for oxygen carriers based on MgAl,0,/TiO,
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(C4MA2T4 970 and C4MA4T2 1000) and TiO,/SiO,
(C4T4S2) as the support. Despite having crushing strengths
higher than 1, the latter oxygen carriers also showed reasonably
high fuel conversion with y higher than 0.9 and a change in the
mass-based conversion, w, of the carriers of approximately 2%.
Figure 6 shows the average gas yield, ycy, .. as a function of

temperature for the investigated oxygen carriers that used
methane as the fuel and for the third repeated cycle. It can be
observed that for most of the oxygen carriers, the average gas
yield for methane rose with the temperature, likely due to a faster
rate of oxygen release at higher temperatures. Table 2
summarizes the overall functionality of the oxygen carriers

Table 2. Overall Functionality of the Oxygen Carriers during
the Reactivity Tests

agglomeration

during inert oxygen concentration gas
oxygen carrier cycles during inert gas periods conversion

C4T6_950 yes

C4T6_970 yes

C4MA6_1000 no very close to very high
equilibrium

C4MAG6_1030 no very close to very high
equilibrium

C4S6_1000 no very close to very high
equilibrium

C486_1030 no very close to very high
equilibrium

C4MA4T2_970 no slightly lower than high
equilibrium

C4MA4T2_1000 no slightly lower than high
equilibrium

C4MA2T4_970 no slightly lower than high
equilibrium

C4MA2T4_1000 no slightly lower than high
equilibrium

C4MA4S2_1000 no lower than equilibrium  average

C4MA4S2_1030 no lower than equilibrium  average

C4T4S2_950 no slightly lower than high
equilibrium

C4T4S52_970 no slightly lower than high
equilibrium

C4T284_1000 yes

C4T284_1030 yes
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Table 3. Physical and Chemical Properties and Characteristics of the Tested Oxygen Carriers As Prepared and Used

bulk density [g/cm®]*

BET specific surface area [m?/g]

oxygen carrier fresh trend used fresh
C4MA6_1000 0.97 | 0.80 8.81
C4MA6 1030 1.03 | 0.79 7.05
C4S6_1000 0.93 - 0.91 1.10
C4S6_1030 0.96 | 0.88 0.71
C4MA4T2_970 1.54 | 1.34 0.21
C4MA4T2_1000 1.71 1 1.30 0.04
C4MA2T4 970 1.55 | 1.30 0.25
C4MA2T4_1000 1.54 1 1.18 0.04
C4MA4S2_1000 1.67 | 1.10 0.25
C4MA4S2_1030 1.66 | 1.15 0.16
C4T4S2_950 1.81 | 1.46 0.38
C4T4S2_970 1.93 l 1.44 0.04

trend used crystalline phases detected by XRD
| 7.99
M o CuO, MgALO,
1.58
! o ; CuO, SiO, (quartz), SiO, (cristobalite)
1 0.67 }
" 0.67 MgAlLO,, MgTi,05, CuO
1 0.74 ) )
' 0.58 MgAlL0,, TiO,, CuO, MgTi,O5
) 0.68 )
N 077 CuMgS$i,0¢, CuO, MgAl,O,
- 0.35 . . . . .
" 022 CuO, TiO,, SiO, (tridymite), SiO, (quartz)

“The mean particle size in the measurement of bulk density and BET specific area was approximately 152.5 ym.

during the inert gas and reactivity cycles. For oxygen carriers with
high rates of oxygen release, ie, those reaching closer to
equilibrium concentration of oxygen, the methane conversion
was most likely dominated by the CLOU mechanism. However,
for oxygen carriers with a lower rate of oxygen release, ie., in
which the oxygen concentration was considerably lower than the
equilibrium concentration, the CLC mechanism was dominant.

3.3. Attributes of the Oxygen Carriers before and after
Reactivity Tests. Table 3 summarizes the study of oxygen
carrier particles with respect to the physical and chemical changes
that these materials undergo during the redox processes. For the
majority of the samples, there was a decrease in the density and
an increase in the BET specific surface area of the particles.
However, there was no change in the crystalline phase of any of
the oxygen carriers after the reactivity test compared to their
fresh counterparts, as determined with the XRD analysis. Figure
7 shows the XRD signatures of fresh as well as used samples for
C4MA4S2 1000 and C4MA4T2 1000 as an example. It should
be mentioned that in the case of the used samples, the reactivity
cycles were ended with an oxidation (11% O,) stream. In the case
of C4MA4S2 1000, it could be observed that the active CuO
phase had reacted with both the MgAl,O, and the SiO, support
phases, which resulted in the formation of CuMgSi,Og4 This
could result in an oxygen carrier conversion lower than
theoretically expected, should the CuMgSi,O4 be unreactive. In
the case of the MgAl,O,/TiO, as the support, an interaction
could be seen between the supports, which resulted in the
formation of MgTi,0s.

Some of the oxygen carriers prepared here showed reasonable
mechanical stability, as indicated by the crushing strength
measured prior to the reactivity tests shown in Table 1. It should
be noted that the crushing strength might not correlate linearly
with attrition and fragmentation behavior in a real CLC system.
Dust formation or particle fragmentation was not observed for
any of the particles after the reactivity tests. However, given that
the total number of cycles and the gas velocities employed in this
study were rather low, further long-term tests in continuous
operation will be needed in order to confirm the mechanical
stability of these materials. Figure 8 shows the rate of attrition of
the fresh oxygen carriers during testing in a jet-cup attrition rig
for 1 h. In Table 4, the attrition index, A, defined as the slope of
the attrition in the last 30 min of the test period, is shown for the
investigated oxygen carriers. It can be seen that, except for the
C4S6 materials, which had high attrition rates and turned into
dust, the rest of the oxygen carriers had very similar attrition
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® CuO x MgTi205 & MgAI204

® CuO 4 CuMgSi20g ¢ MgAI204

Figure 7. Comparative XRD signatures of fresh and used oxygen carriers
for (top) C4MA4T2 1000 and (bottom) C4MA4S2_1000. Solid lines
represent fresh and dashed lines represent materials after the reactivity
test.

rates. The attrition rates of the materials used here are much
lower than previously investigated spray-dried Cu-based oxygen
carriers*® with ZrO, as the support, which were tested in the
same apparatus and had shown reasonable functionality in
continuous operation in a 300 W reactor.' Therefore, the
combination of supports has indeed resulted in the formation of
oxygen carriers with high mechanical resistance while maintain-
ing sufficiently high reactivity and oxygen release ability for the
CLOU application. The attrition rates for the oxygen carriers
prepared with MgAl,0,/TiO,, MgAl,0,/Si0O,, and TiO,/SiO,
as the support are comparable to those for CaMn,y Mg, ,0;_s,
which has shown excellent functionality in continuous operation
in a 10 kW unit.*’ Thus, equally good results could be expected

dx.doi.org/10.1021/ef401161s | Energy Fuels 2013, 27, 3918—3927
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Figure 8. Accumulated attrition as a function of time for oxygen carriers with CS > 1 (left) and (b) CS < 1 (right). Note: For reasons of clarity, the scale
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Table 4. Attrition Rates of the Tested Oxygen Carriers and
Their Corresponding Crushing Strength (CS) in the Fresh

State
oxygen carrier attrition rate, A; [wt %/h]

crushing strength (CS) [N]

C4MA6_1000 12 0.6
C4MA6_1030 14 0.8
C4S6_1000 194 0.7
C4S6_1030 25.6 0.5
C4MA4T2_970 14 1.0
C4MA4T2_1000 0.5 LS
C4MA2T4 970 1.1 13
C4MA2T4_1000 0.6 1.0
C4MA4S2_1000 02 14
C4MA4S2_1030 03 17
C4T4S2_950 0.5 1.7
C4T452_970 0.6 1.8

for these materials; nevertheless, experiments in continuous
operation are required for confirmation.

The particle size distribution (PSD) of the oxygen carriers
before and after the reactivity test for particles with an attrition
rate below 1 wt %/h are shown in Figure 9. It can be seen that
these materials exhibit an overall increase in particle size for these
materials. This factor, together with the decrease in density and
the increase in BET specific surface area of the particles (Table
4), indicates that the majority of the oxygen carriers investigated
here experienced some degree of swelling during the reactivity
tests.

The ESEM images of the fresh and used C4T4S2_950 oxygen
carrier are shown in Figure 10, as an example. The porosity of the
particles seems to have increased after the reactivity test
compared to the fresh samples. This was the case for most of
the oxygen carriers investigated here. Thus, the slight increase in
size distribution shown in Figure 9 is most likely associated with
the increase in the porosity of the particles. Similar observations
have been made previously for MgAl,O,-supported CuO
materials after reactivity tests.”>>*

Figure 11 shows the average gas yield, ¢y, ove at 925 °C for the

investigated oxygen carriers, as a function of their attrition rate,
A,;. Tt can be observed that oxygen carriers with a higher gas yield
are also more prone to attrition. Thus, there may be a trade-off
between the reactivity of the oxygen carriers and their resistance
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Figure 9. Particle size distributions (PSD) of fresh and used oxygen
carriers, with attrition rate, A, less than 1 wt %/h.

Figure 10. ESEM images of (left) fresh and (right) used C4T4S2_950
particles after the reactivity tests. The size bars for the images with higher
magnification are 200 and 50 ym, while those of the images with lower
magnification are 1 mm.

to attrition. For application in a full scale plant, oxygen carriers
with high attrition resistance are required, as they will be
circulated for many cycles. In particular, C4MA2T4_1000
features high reactivity, CLOU behavior, and a low attrition
rate. The C4MA4S2 materials achieve the lowest attrition rates
but remain fairly reactive.
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rate, A, for the investigated oxygen carriers.

4. CONCLUSION

Several oxygen carriers based on CuO as the active phase and a
combination of MgAl,O,, SiO,, and TiO, as the support were
investigated for the CLOU application. The particles were
prepared by spray drying, and the experiments were carried out
in a fluidized-bed batch reactor in the temperature range of 900—
950 °C. Their CLOU behavior was assessed in an N,
environment, and their reactivity was tested with methane.
Most of the oxygen carriers exhibited oxygen uncoupling
behavior reaching that reached close to the equilibrium
concentration of oxygen over CuO/Cu,0, at the corresponding
experimental temperature. In terms of methane conversion,
oxygen carriers with a crushing strength below 1 generally had a
higher rate of oxygen release and higher fuel conversion.
However, by combining different supports, it was possible to
obtain oxygen carriers with high mechanical stability, with
oxygen release behavior and high reactivity with methane.

On the basis of the results from the reactivity and jet-cup
attrition rig experiments, oxygen carriers prepared with
MgAL0,/TiO,, MgAl,0,/Si0,, and TiO,/SiO, as the support
exhibited a combination of high mechanical stability, low
attrition rates, good reactivity with methane, and oxygen
uncoupling behavior.
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Chemical-Looping with Oxygen Uncoupling (CLOU) is an alternative chemical-looping process for the
combustion of solid fuels with inherent CO, capture. The CLOU process demands a material as oxygen
carrier with the ability to decompose with O, release at suitable temperatures for solid fuel combustion,
e.g. copper oxide. This article presents an experimental method to determine the maximum oxygen gen-
eration rate of an oxygen carrier as well as to determine the minimum solid inventory that must be used
in the fuel reactor. The method here proposed can be used as basis for comparison of the use of different

'é?r' I‘::) or:dcsa"pmre oxygen carriers or type of coals. In this work, the combustion of coal by using a promising Cu-based oxy-
Combustion gen carrier prepared by the spray drying method was tested. The oxygen carrier (Cu60MgAl) was com-
Coal posed of 60 wt.% CuO and MgAl,0, was used as supporting material. Experiments were carried out in
CLOU a batch fluidized-bed reactor at temperatures ranging from 900 to 980 °C. Three different regions were
Copper identified depending on the oxygen carrier to coal mass ratio. For oxygen carrier to coal ratios higher than

50 (Region I), coal was fully converted to CO, and H,O0. In addition, an excess of oxygen was present in the
flue gases, which was close to the equilibrium concentration. When this ratio was in the range 50-25
(Region II), the concentration of oxygen was decreasing whereas some CO was observed as the only
unconverted gas. Further decrease in the oxygen carrier to coal ratio below 25 (Region III) caused the
depletion of oxygen in the exhaust gases but CO remained as the only unconverted gas. CH, or H, were
never detected at the reactor outlet in any case and agglomeration problems were never observed. These
regions were related to the solids inventory in the fuel reactor by the rate of oxygen generation calculated
in every case. A maximum rate of oxygen generation for the oxygen carrier was determined as kg O,/s per
kg of oxygen carrier, which increased with the temperature from 2.1 x 1073 at 930 °C to 2.8 x 1073 at
980 °C. From these values, the estimated solids inventory in the fuel reactor was changed from 39 at
930 °C to 29 kg/MW,, at 980 °C. The results obtained in this work showed that in the CLOU process it
is possible to reach full conversion of the solid fuel with very low solids inventory and avoiding the oxy-
gen polishing step.

© 2012 Elsevier Ltd. All rights reserved.

1. Introduction

According to the IPCC report on mitigation of climate change
[1], which considers different possible growing scenarios, Carbon
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Capture and Storage (CCS) would contribute with 15-55% to the
cumulative mitigation effort worldwide until 2100 in order to sta-
bilize CO, concentration in the atmosphere. CCS is a process
involving the separation of CO, emitted by industry and energy-re-
lated sources, and its storage for isolation from the atmosphere
over a long term. Chemical-Looping Combustion process (CLC)
has been suggested among the best alternatives to reduce the
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Nomenclature

fechar mass fraction in char of carbon (-)

Juyc hydrogen to carbon molar ratio in the coal (-)

forc oxygen to carbon molar ratio in the coal (-)

Fuir molar flow of air (mol/s)

F; molar flow of gas i (mol/s)

Fout molar flow at the reactor exit (mol/s)

Fo coal molar flow of oxygen from the existing oxygen in the
coal (mol/s)

Mehar mass of char fed to the fuel reactor (kg)

MR mass of oxygen carrier in the fuel reactor (kg/MW4,)

Mo mass of oxygen required per kg of coal to complete com-
bustion (kg O,/kg coal)

Mox mass of fully oxydized oxygen carrier (kg)

Moc mass of oxygen carrier in the reactor (kg)

Myed mass of reduced oxygen carrier, as Cu,0 (kg)

Mc molecular weight of carbon (=12 x 1073 kg/mol)

Mo, molecular weight of oxygen (=32 x 103 kg/mol)

Tehar rate of char combustion (kg C/s per kg C)

1o, red rate of oxygen generation in the reduction (kg O,/s per

kg of oxygen carrier)
10,0 rate of oxygen consumption in the oxidation (kg O-/s
per kg of oxygen carrier)

To,mex ~ Maximum rate of oxygen generation (kg O,/s per kg of
oxygen carrier)

Roc oxygen transport capability (-)

t time (s)

T temperature (°C)

To initial temperature in the experiment (°C)

Tinax maximum temperature reached during experiment (°C)

X5 oxygen carrier conversion (-)

Xof oxygen carrier conversion at the end of the reducing
period (-)

Vi molar fraction of gas i (-)

Greek symbols
AH, enthalpy of reaction (kJ/mol)
Yco, CO,, yield (-)

Acronyms
LHV Low Heating Value (kJ/kg)
o]@ oxygen carrier

economic cost of CO, capture using fuel gas [2] and to increase the
efficiency with respect to other CO, capture process [3]. In this pro-
cess, CO, is inherently separated from other combustion products,
N, and unused O,, through the use of a solid oxygen carrier and
thus no energy is expended for the separation. The CLC process
has been demonstrated for gaseous fuel combustion such as natu-
ral gas and syngas in 10-140 kWy, units using oxygen carrier
materials based on Ni [4,5], Cu [6] and Fe [7,8]. A review of the
materials developed to be used as oxygen carrier is found in
Adanez et al. [9].

Solid fuels are considerably more abundant and less expensive
than natural gas. Thus, the use of the CLC concept for coal combus-
tion can be highly relevant. First option to use solid fuels in a CLC
process was to use syngas in the fuel reactor coming from a previ-
ous gasifying step. However, it is necessary to use pure oxygen for
gasification of the solid fuel to apply this technology. This step has
an important energy penalty due to the oxygen separation from
the air. The second option of development is the Chemical-Looping
Combustion with coal, where the solid fuel is directly introduced to
the fuel reactor. Even other kinds of solid fuels could be used, e.g.
biomass or solid wastes [10]. Here, the solid fuel is physically
mixed with the oxygen carrier in the fuel reactor, which is fed with
a gaseous stream of a gasifying agent, e.g. steam or CO,. Thus, vol-
atiles and the gas products from coal gasification are converted to
CO, and H,0 by reaction with the oxygen carrier particles in the
fuel reactor. The limitation in the solid fuel conversion in the CLC
with coal comes from the slow gasification process [10-12]. To in-
crease the gasification rate, temperatures higher than 1000 °C have
been proposed to be used in the fuel reactor [12].

An alternative process, Chemical-Looping with Oxygen Uncou-
pling (CLOU), was recently proposed by Mattisson and coworkers
[13] making use of the idea first proposed by Lewis and Gilliland
[14] to produce CO, from solid carbonaceous fuels by using gas-
eous oxygen produced by the decomposition of CuO. The CLOU
process is based on the strategy of using oxygen carrier materials
which release gaseous oxygen in the fuel reactor and thereby
allowing the solid fuel to burn with gas phase oxygen. These mate-

rials can be also regenerated at high temperatures. In this way, the
slow gasification step on the CLC process with solid fuels is not
necessary, giving a much faster fuel conversion [15,16]. In CLOU
process, fluidization gas can be recycled CO,. In this process, the
use of steam is not necessary, contrary to the case of CLC with coal
[11].

Leion et al. [17] using six different solid fuels show that the dif-
ferences in reactivity between fuels were more pronounced in CLC
with solid fuels using steam as gasification agent than in CLOU pro-
cess. This fact was explained by the difference in the reaction paths
between CLC and CLOU processes. In CLC the limiting reaction is
the slow coal gasification, which is strongly affected by the tem-
perature and coal type. However, they stated that the rate of oxy-
gen release from the oxygen carrier particles becomes the limiting
step in the CLOU process. Thus, the type of fuel used has lower rel-
evance in the conversion rate. Experiments carried out at 980 °C
using petroleum coke as fuel [15] showed that CLOU process can
increase the fuel conversion by a factor of 45 with respect to the
conversion found when the same fuel was gasified with steam
and using Fe-based oxygen carriers which do not release oxygen
in the fuel reactor. A quantification of the role of oxygen uncou-
pling in accelerating the gasification of solid fuels was also con-
firmed by Eyring et al. [18] and Abad et al. [16] using Cu-based
oxygen carrier materials.

Fig. 1 shows a schematic diagram of a CLOU system. In the fuel
reactor the fuel conversion is produced by different reactions. First
the oxygen carrier releases oxygen according to:

2Me,0, — 2Me,0,_; + O, (1)

and the solid fuel begins devolatilization producing a carbonaceous
solid (char, mainly composed by carbon and ash) and volatile mat-
ter as gas product:

Coal — Volatile matter + char(C) 2)

Then, char and volatiles are burnt as in usual combustion with
gaseous oxygen according to reactions:

Char(C) + 0, — CO, 3)
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Fig. 1. Schematic design of the CLOU system using copper oxide as oxygen carrier.

Volatile Matter + O, — CO, + H,0 (4)

After steam condensation, a pure CO, stream can be obtained.
The reduced oxygen carrier is transported to the air reactor, where
the oxygen carrier is regenerated to the initial oxidation stage with
the oxygen of the air, and being ready for a new cycle. Ideally, the
exit stream of the air reactor contains only N, and unreacted O,.
The heat release over the fuel and air reactors is the same as for
conventional combustion. Therefore, CO, is inherently captured
in the CLOU process, and a low energy penalty for CO, separation
and low CO, capture costs are expected as in the CLC process.

About the oxygen carrier, only those metal oxides that have a
suitable equilibrium partial pressure of oxygen at temperatures
of interest for combustion (800-1200 °C) can be used as CLOU oxy-
gen carriers for solid fuel combustion. Besides, this O, release must
be reversible in order to oxidize the oxygen carrier in the air reac-
tor and regenerate the material. Thus a special requirement is
needed for the oxygen carrier to be used in the CLOU process in
comparison to oxygen carriers for normal CLC, where the fuel must
be able to react directly with the oxygen carrier without any re-
lease of gas phase oxygen. CuO/Cu,0, Mn;03/Mn304, and Co30,4/
CoO have been identified as redox pairs with capacity to evolve
oxygen at high temperature [13].

The temperature in the air and fuel reactors in the CLOU process
must be adjusted according to the thermodynamic equilibrium and
reaction kinetics in order to optimize the process [18]. Thus, the
operating conditions for the air reactor are constrained due to
the thermodynamics of the oxidation of the oxygen carrier. As
example, Fig. 2 shows the partial pressure of oxygen as a function
of the temperature for the CuO/Cu,0 system, calculated using HSC
software [19]. The oxygen concentration at equilibrium conditions
greatly depends on the temperature. Thus, the equilibrium concen-
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Fig. 2. Equilibrium oxygen concentration over the CuO/Cu,0 system as a function
of temperature.

tration at 900 °C is 1.5 vol.% O, for CuO/Cu,0 system, whereas it in-
creases up to 12.4vol.% at 1000 °C. Therefore, if the acceptable
oxygen concentration from the air reactor was maximum
4.5 vol.%, Cu,0 should be oxidized to CuO below 950 °C. Higher
temperature in the air reactor would cause a higher fraction of un-
used oxygen.

Moreover, the equilibrium concentration of oxygen in the fuel
reactor will be given by the temperature in the reactor; which is
determined by the temperature of the incoming particles, the cir-
culation rate, as well as the heat of reaction in the fuel reactor.
For example, the overall reaction with C is exothermic in the fuel
reactor for copper oxide, as it is showed in reaction (5). Thus it is
possible to have a temperature increase in the fuel reactor, which
results in a significantly higher partial pressure of O, at equilib-
rium conditions.

4Cu0 4 C — 2Cu0 + CO,  AHY " = —132.9 kJ/mol O, (5)

A high equilibrium partial pressure of oxygen together with a
very reactive oxygen carrier will promote the overall conversion
rate of the solid fuel in the fuel reactor. In addition, the combustion
of the fuel will decrease the oxygen concentration in the reactor
and can improve the decomposition reaction of the metal oxide
particles. However, it should be desirable to get low concentration
of oxygen from the fuel reactor in order to obtain a high purity CO,
stream. Similar conclusions can be inferred from thermodynamics
of other materials.

There are only a small number of materials proposed in the lit-
erature dealing with the use of Cu- [16-18,20,21], and Mn-based
[22-26] based materials for CLOU process. An overview of the
characteristics of these materials can be found in [9,20,21].

In the research group at Chalmers University of Technology, 20
different CLOU materials were tested in batch fluidized bed for com-
bustion of gaseous (CH,4) or solid fuels [13,15,17,22,23,25]. Good re-
sults were obtained using an oxygen carrier based on CuO and ZrO,
as support [13,17]. Although there were some defluidization phe-
nomena during some parts of the experiments, no permanent
agglomerations were detected. Cyclic testing with solid fuels in
the temperature range of 880-985 °C verified a very rapid release
of oxygen and combustion of fuel started with a high conversion
rate. Regarding the use of manganese oxides for CLOU process, Shul-
man et al. [22] analyzed the CLOU properties of different Mn-based
materials combined with Fe,03, NiO or SiO, prepared by freeze
granulation. They found that some Mn/Fe oxygen carriers showed
very high reactivity towards methane. Further, other Mn/Fe materi-
als prepared by spray drying were tested by the same research
group [23]. One of them was successfully applied for the combus-
tion of methane in a continuously operated unit [24]. The authors
apply this quality to open the possibility to combine benefits of
CLOU and CLC processes in the future for the combustion of gaseous
fuels. A manganese ore was also tested for CLOU by Rydén et al. [24]
in a continuous unit using CH,4, but this material was much less
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reactive than synthetic Mn/Fe particles. Other material with a spinel
perovskite-like type structure, CaMng g75Tig 12503, [25,26] was also
evaluated as an oxygen carrier for CLOU process. Conversion rates
were lower than those found for Cu-based CLOU materials, although
it was still higher compared to normal CLC with solid fuels.

In the research group of ICB-CSIC [20,21], a screening study was
carried out considering more than 25 different Cu-based oxygen
carriers prepared by different methods, using several supporting
materials and varying the copper content. The reaction rates for
oxygen release and oxygen carrier regeneration were determined
carrying out successive cycles in a TGA system at different reaction
temperatures and oxygen concentrations. Selected materials were
tested by redox decomposition-regeneration cycles in a batch flu-
idized-bed reactor working at different temperatures and reacting
atmospheres. The fluidization behavior against agglomeration and
attrition during a high number of cycles was determined. Two
promising Cu-based oxygen carriers prepared by pelletizing by
pressure (60 wt.% CuO supported on MgAl,04, and 40 wt.% CuO
supported on ZrO,) were selected for further studies using coal
as fuel. These materials exhibited high reactivity during successive
redox cycles. In addition, a low attrition rate was measured and
agglomeration was never detected.

After the screening tests, it was decided to prepare a Cu-based
material (60 wt.%) supported on MgAl,04 by the industrial prepa-
ration method spray drying (Cu60MgAl). Similar particles to those
previously prepared by pelletization by pressure were obtained. So,
new spray dried particles were tested in a continuously operated
CLOU unit using coal as fuel [16]. In this work it was demonstrated
the proof of the concept of CLOU process for coal combustion using
a Cu-based oxygen carrier. The fuel reactor temperature was varied
from 900 °C to 960 °C and the solids inventory was decreased from
1150 to 235 kg/MW,. In all experiments complete combustion to
CO, and H,O of fuel and high carbon capture efficiency was mea-
sured. The carbon capture efficiency depended on the fuel reactor
temperature ranging form 97% at 900 °C to 99.3% at 960 °C. These
findings suggested that good performance in coal combustion
could be obtained even if the solids inventory was lower than
235 kg/MW¢,. However, further decrease of the solids inventory
was not possible due to operational limitations of CLOU unit.

The aim of this work was to investigate the performance of the
Cu60MgAl material as oxygen carrier for the CLOU process. The
minimum solids inventory to get full combustion of coal was
determined by a new method applied to CLOU process. The rate
of oxygen release was determined when batches of “El Cerrejon”
coal particles were added to a fluidized-bed reactor containing
the oxygen carrier material. Different oxygen carrier to fuel ratios
were used, as well as several temperatures between 900 and
950 °C were tested. The minimum solids inventory in the fuel reac-
tor was inferred from the maximum rate of oxygen release ob-
tained at every temperature

2. Experimental
2.1. Cu-based oxygen carrier

The oxygen carrier used was a Cu-based material prepared by
spray drying. Oxygen carrier particles were manufactured by VITO
(Flemish Institute for Technological Research, Belgium) using MgA-
1,04 spinel from Baikowski, grade S30CR and CuO from PRS PANRE-
AC (96% CuO) as raw materials. The CuO content was 60 wt.%. After
particles were formed by spry drying the particles were calcined
for 12 h at 1100 °C and sieved (100-300 pm). Particles were cal-
cined for a second time to increase the mechanical strength. Thus,
oxygen carrier particles had a total calcination time of 24 h at
1100 °C. These particles are referred to as Cu60MgAL.

Table 1

Properties of the Cu60MgAl oxygen carrier particles.
CuO content (wt.%) 60
Oxygen transport capability, Roc (Wt.%) 6.0
Crushing strength (N) 24
Density of particles (kg/m?) 3860

XRD main phases CuO, MgAl,04

Oxygen carrier particles were physically and chemically charac-
terized by different techniques. Main characteristics are shown in
Table 1. The mechanical strength, determined using a Shimpo
FGN-5X crushing strength apparatus, was taken as the average va-
lue of the force needed to fracture a particle obtained in 20 mea-
surements. Identification of crystalline chemical species was
carried out by powder X-ray diffractometer Bruker AXS graphite
monochromator.

The mechanical strength of the particles after 24 h of calcina-
tion was adequate for its use in a fluidized bed. The compounds
found by XRD analysis were CuO and MgAl,0,4. The oxygen trans-
port capability, Roc, was calculated as Roc = (Mox — Myeq)/Mox, Mox
being the mass of completely oxidized particles and m,.4 the mass
in the reduced form, i.e. when all CuO has been reduced to Cu,0.

2.2. Fuel

The fuels used were a bituminous Colombian coal “El Cerrejon”
and char prepared with this coal. This is the same fuel used in pre-
vious work in a continuous CLOU unit [16]. The coal particle size
used in this study was +200 to 300 um. This coal showed a high
swelling behavior, which could promote agglomeration of the flu-
idized bed. In order to avoid coal swelling, the coal was subjected
to a thermal pre-treatment for pre-oxidation. Coal was heated at
180 °C in air atmosphere for 28 h [27]. Elemental and proximate
analyses of the fresh and pre-treated coal are shown in Table 2.
The pre-oxidation causes an increase in the oxygen content from
7% to 17.6%.

The char was produced by devolatilization of pre-treated bitu-
minous Colombian coal “El Cerrejon”. To produce the char, a batch
of 500 g of coal particles was devolatilizated in a fluidized-bed
reactor. The reactor was fluidized by N, and it was heated up from
room temperature to 900 °C with a temperature ramp of 20 °C/min
and afterwards cooled down. Since the gas velocity increases with
the temperature, the N, flow was correspondingly reduced as the
temperature increased to ensure bubbling bed conditions and to
avoid elutriation of particles. The proximate and ultimate analysis
of the obtained char is also shown in Table 2. The particle size of
char was in the range +200 to 300 pum, and the density of the par-
ticles was about 1000 kg/m>.

2.3. Experimental setup: batch fluidized-bed reactor

Reduction-oxidation multi-cycles were carried out in a fluid-
ized-bed reactor to know the oxygen release behavior of the oxy-
gen carrier in similar operating conditions to that existing in the
CLOU process. The experimental work was carried out in a setup
consisting of a fluidized-bed reactor, a system for gas feeding, a so-
lid fuel feeding system, and the gas analysis system. A schematic
layout of the laboratory setup is presented in Fig. 3. The reactor
- 55mm inner diameter and 700 mm height - is electrically
heated by a furnace, and had a preheating zone just under the dis-
tributor plate.

The reactor was loaded with 240 g of solid material. Solids are
placed above the distributor plate, ensuring a bed height about
50 mm at static conditions. In order to have good fluidizing behav-
ior, a particle size fraction of +100 to 200 pm was used in the bed.
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Table 2
Properties of fresh and pre-treated “El Cerrején” coal and the char prepared.
Fresh Colombian Pre-treated Colombian Char
coal coal coal
C 70.8% 65.8 % 79.8%
H 3.9% 3.3% 0.7%
N 1.7% 1.6% 1.3%
N 0.5% 0.6% 0.6%
0? 7.0 17.6 0.8
Moisture 7.5% 2.3% 6.4%
Volatile 34.0% 33.0% 3.0%
matter
Fixed carbon 49.9% 55.9% 80.2%
Ash 8.6% 8.8% 10.4%
¢ Oxygen to balance.
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Fig. 3. Schematic layout of the laboratory setup.

The minimum fluidizing velocity was 4 x 10~ m/s for the smallest
particle size and 1.5 x 1073 m/s for the biggest one. The terminal
velocity was 0.33 m/s and 1.15 m/s, respectively. In some test,
the oxygen carrier was diluted in alumina particles (+200 to
400 pm). In these test the total mass of solids was 240 g, but it
was possible to operate with lower amount of oxygen carrier.

The temperature inside the bed was measured and used to con-
trol the reaction temperature. The reactor had pressure taps in or-
der to measure the absolute pressure in the bed and the pressure
drop. Agglomeration and defluidization problems could be de-
tected by a sharp decrease in the bed pressure drop during opera-
tion. The pressure tap was also useful to detect possible blocking in
the downstream pipes due to possible elutriated particles or tar
condensation in cold points.

The gas feeding system had different mass flow controllers con-
nected to an automatic three-way valve. In this way, it was possi-
ble to feed alternatively air or nitrogen. The total fluidizing flow
was 200 Ly/h, which corresponds to a gas velocity of 0.1 m/s at
900 °C in the reactor. Different gas analyzers measured continu-
ously the gas composition at the reactor exit after water condensa-
tion. CO, CO, and CH,4 dry basis concentrations were determined
using non-dispersive infrared analysis (NDIR) and H, by thermal
gas conductivity. The O, concentration was determined in a para-
magnetic analyzer.

The feeding system of the solid fuel consisted of a fuel chute
which ends 20 mm above the distributor plate and about 50-
60 mm below the upper level of the fluidizing particles. So, solid
fuel particles are fed inside the fluidized bed. The upper part of
the chute has a valve system that creates a reservoir in which

the fuel is placed. Coal particles were fed by valve v1 to a small res-
ervoir placed in the upper part of the fuel chute, see Fig. 3. After
that, the deposit was over-pressurized 1 bar with N, by valve v2.
Once the reservoir was pressurized, valve v2 was closed and v3
was opened and quickly closed. Then, coal particles fall down to
the fluidized bed through the fuel chute as the reservoir is unpres-
surized. Thus, it was ensured that coal particles were forced to en-
ter to the fluidized bed, whereas a continuous flow of nitrogen
through the fuel chute is avoided.

The oxygen carrier particles were exposed sequentially to
reducing and oxidizing conditions. During reduction periods,
batches of “El Cerrején” coal were fed to the reactor through the
solids feeding system whereas the reactor was fluidized with N,.
Every load was left till coal combustion was complete or the oxy-
gen carrier was fully reduced, which usually happened in less than
120 s. After every reducing period, oxygen carrier particles were
fully re-oxidized with air before starting a new cycle.

2.4. Experimental planning

The experimental work was carried out at temperatures be-
tween 900 and 950 °C, which is the intended temperature interval
in the fuel reactor in a CLOU process with Cu-based materials [16].
The temperature of the reactor was fixed before starting the reduc-
ing or oxidizing period, but during reaction the temperature could
increase up to 50 °C because the exothermic reaction when coal is
burnt or the Cu,0 was oxidized.

Three series of experiments were performed to increase the
oxygen carrier to coal ratio in the range covered. The first tests
were done with an amount of 240 g of oxygen carrier material in
the bed. This batch of particles was exposed to a total number of
35 reduction/oxidation cycles, corresponding to 31 h of hot fluid-
ization in order to evaluate possible variations in the oxygen
carrier reactivity during redox cycles or the appearance of opera-
tional problems during fluidization using coal as fuel. The temper-
ature was fixed to 925 °C at the starting of the reduction period. In
this case, the loads of coal between 0.2 and 2 g were added. Thus,
very high oxygen carrier to coal mass ratios were used (in the
range 1200-120), but the fluidization behavior of the oxygen car-
rier could be analyzed without interference of using a diluting
material.

The second and third series were carried out with the oxygen
carrier diluted in alumina particles. Thus, the mass fraction of the
oxygen carrier in the bed was 10 wt.% and 2.5 wt.%, respectively.
In the second series, with 24 g of oxygen carrier in the bed, the
reducing periods consisted of introducing loads of coal from 0.4
to 1.2 g, i.e. the oxygen carrier to coal ratio was in the range 60-
20. Further, in the third series (with only 6 g of oxygen carrier in
the bed) the loads of coal change from 0.03 to 0.5 g, corresponding
to oxygen carrier to coal ratios of 200 and 12, respectively. In this
way, the oxygen carrier to carbon mass ratio was decreased but a
mass of coal higher than 2 g was not used. Two grams was the
highest amount of coal that could be feed to obtain repetitive
and useful results. Higher mass of coal resulted in relevant entrain-
ment of solids originated by the big amount of gases generated.

For the coal and oxygen carrier material used in this work the
stoichiometric oxygen carrier to coal ratio is 30. At this condition,
the exact amount of oxygen to fully convert coal to CO, and H,0 is
present in the particles. For lower oxygen carrier to coal ratios,
some char will remain unconverted at the end of the reduction per-
iod. However, tests working with lower ratios were accomplished
to evaluate the maximum value of the instantaneous oxygen gen-
eration rate of the oxygen carrier. In the batch fluidized bed, the
unconverted char was burnt during the oxidation period. However,
in a continuously operated CLOU system, the depleted oxygen
particles should be replaced with particles coming from the air
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reactor, thus avoiding the limitation in the oxygen availability hap-
pening in a batch fluidized-bed reactor. But the behavior of the
oxygen carrier against coal combustion in the batch reactor would
be similar to that in a CLOU unit.

An additional series was done using char instead of coal as fuel.
This series of experiments was carried out with an oxygen carrier
mass fraction of 2.5 wt.%. The char loads changed from 0.04 to
0.4 g, corresponding to oxygen carrier to char mass ratios of 150
and 14, respectively.

3. Data evaluation

To analyze the oxygen uncoupling properties of the Cu60MgAl
oxygen carrier, consecutive redox cycles have been done in a batch
fluidized-bed reactor. During the reduction period a batch of coal
was added to the bed, whereas oxidation with air was accom-
plished during the oxidation period. The instantaneous rate of oxy-
gen generation per amount of oxygen carrier, To,rq(t), was
calculated from a mass balance to the oxygen atoms in the reactor.

M
Fo,ea(t) = 1 % [Fo, + Feo, +0.5(Fco + Fit0) — 0.5Fo cu (6)

The molar gas flow of each component exiting the fuel reactor,
F;, is calculated as:

Fi:Fout'yi (7)

F,. being total dry basis outlet flow calculated by using the N; flow
to the reactor, Fy,.
Fx
F.—-—"2 8
= Sy (8)
1
y; is the molar fraction of the component i in the product gas ana-
lyzed in every experimental condition. Possible gas i includes O,,
CO,, CO, Hy and CH,4. Nevertheless, methane and hydrogen were
not considered in the balance because they were not detected in
any case. The water concentration was not measured. However, to
consider the oxygen exiting with H,O coming from oxidation of
hydrogen in the coal, it was assumed that the hydrogen evolution
was proportional to the carbon evolution, maintaining the same
C/H ratio in the gases than in the coal. Thus, the H,0 flow was cal-
culated as:

Fi,0 = 0.5fc(Feo, + Feo) 9)

fuyc being the hydrogen to carbon molar ratio incoal (fy/c = 0.61, for
Colombian pre-treated coal). Equally, the evolution of oxygen from
coal was assumed to be proportional to coal evolution. Thus, the
flow of oxygen coming from coal, Fo coq in EQ. (7), was calculated as:

Fo coal = fosc(Feo, + Fco) (10)

fojc being the oxygen to carbon molar ratio in the coal (fo;c = 0.20,
for Colombian pre-treated coal).

When char was used as fuel, a conversion rate of char per mass
of reacting char in the reactor was calculated as the rate of carbon
combustion to give CO, or CO:

_ Fco, +Fco
mcImI:/'IfZ:.char _ f(; (Fco, + Feo)dt

(_rchur(t)) (11)

Menqr being the mass of char in the fuel batch and fc cpqr the carbon
content in char.Before starting a reducing period, the oxygen carrier
particles were fully oxidized, i.e. the oxygen carrier conversion was
X, =1. As the oxygen carrier particles were reacting during reduc-
tion period, the oxidation degree decreased. Thus, the oxygen car-
rier conversion was calculated from the integration of ro, s With
time:

t
Xo(t) = 1— -1 / o, rea(£)dt (12)
ROC 0

Thus, the final conversion of the particles, X,, was calculated by
integrating Eq. (12) for the time spent in reduction conditions. In
the same way, an oxygen balance was done to calculate the oxida-
tion rate with air — Eq. (13) - and the evolution with time of the
oxygen carrier conversion, X, Eq. (14). In some cases, char was
not completely converted during the reduction period because
the depletion of oxygen in the particles was reached. Thus, CO,
and CO can appear during the oxidation period as the remaining
char is burned with oxygen in air, being the oxygen for char com-
bustion considered in:

M
(7"0210)6(0) = m(())z [0~21Fair - FOz - (Fcoz + 0~5FC0)} (13)
1 t
Xo(t) = Xoy +R7c/o (*rOz,ax(t))dt (14)

Finally, the CO, yield was defined as the carbon fraction as CO,
in the outgoing gases, calculated as:

__ Feo,
Veo, = Feo, +Fco (15)

4. Results

Reduction-oxidation multi-cycles with Cu60MgAl oxygen car-
rier were carried out in a batch fluidized-bed reactor to determine
the oxygen release behavior as a function of the operating condi-
tions in similar environment to that found in a CLOU process with
solid fuels. Moreover, the fluidization behavior of the solid parti-
cles with respect to the agglomeration phenomena could be
observed.

Test series were carried out by using different bed materials:
first, the bed material was Cu60MgAl particles; second, the bed
material was 10 wt.% oxygen carrier diluted in alumina particles;
and third, only 2.5 wt.% Cu60MgAl diluted in alumina. All these
tests were carried out with a total mass of particles in the reactor
of 240 g. The oxygen carrier was subjected to about 34 redox cycles
which last during 31 h between 900 and 950 °C. The oxygen carrier
never showed agglomeration problems, even when the oxygen car-
rier was highly reduced to Cu,0 during the reduction period.

Fig. 4 shows the concentration of O,, CO, and CO measured at
the outlet of the reactor and the bed temperature during a typical
reduction and oxidation cycle at 925 °C with an oxygen carrier
inventory in the reactor of 240 g. The fluidizing medium was pure
nitrogen during reduction and during oxidation the inlet oxygen
concentration was 21 vol.%. The time t = 0 corresponds to the initial
time of the reduction period, i.e. when air during oxidation was re-
placed by nitrogen. At the beginning a rapid oxygen release oc-
curred close to the oxygen concentration equilibrium for the
measured bed temperature. After a short period, a batch of 2 g of
coal particles were fed to the reactor, and only CO, and O, were ob-
served in the outgoing gases, indicating full combustion of the vol-
atiles and char. The CO, concentration in this case was as high as
76 vol.% which was maintained constant during ~8 s, and eventu-
ally decreased to zero when the complete coal combustion was
reached. This result suggests a fast combustion of coal where it is
not differentiated a first period of fast combustion of volatiles from
a subsequent slower period of combustion of the remaining char.
At this condition, the gas flow at the reactor exit was increased
by a factor of 5 with regard to the inlet N, flow because the CO,
and H,0 generated during coal combustion.
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Fig. 4. Concentration of O,, CO,, CO, H, and CH4 during a typical reduction and
oxidation cycle with Cu60MgAl. The variation in the oxygen carrier conversion, Xo,
and temperature during the reduction and oxidation periods also is shown.
To = 925 °C; reduction in N, and oxidation with air; mass fraction of oxygen carrier:
100 wt.%; Coal batch: 2 g.

In addition, the oxygen release rate was high enough to supply
an excess of gaseous oxygen (0;) exiting together the combustion
gases. During coal combustion the bed temperature increased
about 30 °C due to the exothermic reaction of CuO with coal, see
Eq. (5). The oxygen concentration was correspondingly increased,
remaining close to the equilibrium condition when temperature
varied. This fact indicates that the oxygen carrier was able to trans-
fer the oxygen demanded by the coal combustion and even more
gaseous oxygen until equilibrium was reached. Therefore, the con-
version of coal was limited by the coal reactivity, i.e. by the coal
combustion rate at the existing oxygen concentration in the bed.
It must be taking into account that in the fuel reactor two pro-
cesses in series are happening: oxygen generation and coal com-
bustion with the oxygen generated. If oxygen generation rate is
higher than rate of coal combustion, oxygen at equilibrium is
reached, and the coal combustion rate depends on the coal reactiv-
ity. On contrary, the oxygen at equilibrium is not reached and the
coal combustion rate will be limited by the oxygen generation rate.

In Fig. 4, the variation of oxygen carrier conversion, X,, with
reacting time is also shown. It can be seen that the oxygen carrier
was slowly converted during the initial period before coal addition.
Besides, the oxygen carrier was able to produce gaseous oxygen
until the equilibrium concentration was reached. Therefore, the
oxygen generation rate was limited by the fact that the equilibrium
concentration is reached in absence of fuel. A sharp decrease in the
oxygen carrier conversion was happening when coal was fed to the
reactor because the fast oxygen transference from oxygen carrier
to fuel. After coal was completely burnt the temperature decreased
until the set point value. As the oxygen carrier was not completely
reduced after coal combustion, still oxygen was generated up to
equilibrium concentration was reached. The variation in the solids
conversion during the reducing period was 41%. Then, oxidation
period starts at t =360 s and a quick increase in the temperature
occurred due to the highly exothermic reaction. Equally to reduc-
tion period, oxygen concentration was close to the equilibrium
condition until the oxygen carrier was fully oxidized, which is in
accordance to highly reactive materials observed in TGA experi-
ments [20,21].

Similar behavior was observed in redox cycles when different
amounts of coal were added to the bed in the range 0.2-2.0 g, cor-
responding to oxygen carrier to coal ratios between 1200 and 120.
As expected, the CO, concentration from fuel reactor increased
with the coal mass added because more fuel is burnt. Also, more
oxygen is transferred to gases. CH4, CO or H, were not observed
in any case, indicating the full combustion of volatiles in the bed,
as well as carbon in char. From the CO, and O, evolution in the

gas phase, it was possible to calculate the instantaneous oxygen
generation rate, ro, rq, from Eq. (6). The higher value of ro, ;s Was
obtained when coal was added to the bed, and it was maintained
roughly constant while the coal combustion proceeds. Fig. 5 shows
the instantaneous oxygen generation rate during the coal combus-
tion period, 1o, 4, as a function of the oxygen carrier to coal mass
ratio. In all cases the ratio of oxygen carrier to coal is above the
stoichiometric value to convert coal to CO, and H,O. The effect of
the oxygen carrier to coal ratio is evident on the oxygen generation
rate. In this case it is observed that ro, rqis inversely proportional
to the oxygen carrier to coal ratio. The incremental oxygen require-
ments when the batch of coal increases (i.e. the oxygen carrier to
coal is decreased) is fully provided by the oxygen carrier. Thus, at
the CLOU conditions used in these experiments, the oxygen gener-
ated in the reactor was not limited by the reactivity of the oxygen
carrier but for the demand of oxygen by coal; i.e. the more oxygen
is demanded, the more oxygen is supplied. This fact suggests that a
decrease in the oxygen carrier to coal ratio would allow increasing
the oxygen generation rate provided by the Cu60MgAl oxygen car-
rier. Thus, the maximum in the instantaneous oxygen generation
rate by this material could not be observed during these series of
experiments, being necessary to work with higher values of oxygen
carrier to coal ratios. However, the reproducibility of results in the
fluidized bed failed with coal batches higher than 2 g which con-
ducted to a loss in the confidence of the calculated oxygen gener-
ation rate.

In order to decrease the oxygen carrier to coal ratio but still
maintain the confidence on the results obtained, the following
tests were carried out diluting the oxygen carrier in alumina parti-
cles, but keeping the total mass of solids in the reactor to be 240 g.
Firstly, batches of coal in the range 0.4-1.2 g were used at 925 °C
using an oxygen carrier mass fraction of 10 wt.% in alumina. Then,
the oxygen carrier to coal ratio was in the range 60-20. During the
experimental work it was observed that for oxygen carrier to coal
ratios lower than 35 the oxygen carrier was fully reduced after coal
addition whereas char remained unburnt. Thus, some unconverted
char was burnt in the subsequent oxidation period, which was evi-
denced by the presence of CO, in the gases when air was intro-
duced to the bed. The value of oxygen carrier to coal of 35 was
close to the stoichiometric oxygen available in the bed material
to convert the coal to CO, and H,0, which was an oxygen carrier
to coal ratio of 30. The oxygen carrier to coal value observed during
experimental work was some higher because some oxygen in par-
ticles was evolved to gas before coal addition to the bed.

During the time converting coal, similar behavior to that found
when using only Cu60MgAl particles as bed material was observed
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Fig. 5. Instantaneous oxygen generation rate, ro, req, for the Cu60MgAl material as a
function of the oxygen carrier to coal mass ratio. Tp =925 °C. Mass fraction of
Cu60MgAl oxygen carrier in the reactor: 100 wt.%.
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in the oxygen carrier to coal range of 60-50. Further decrease in
the oxygen carrier to coal ratio below 50 caused the appearance
of CO together with CO; in the exhaust gases during the reduction
period, as well as lower oxygen concentration compared to the
equilibrium concentration. Nevertheless, CH4 or H, were not found
in any case. This fact indicates that the instantaneous oxygen gen-
eration rate is approaching to the maximum value given by the
reactivity of the oxygen carrier.

Fig. 6a shows the CO, yield, y,, whereas the ratio between the
oxygen concentration at the reactor exit and that present at equi-
librium conditions, 0,/05,¢q, was plotted in Fig. 6b. It can be seen as
both the CO, yield and the oxygen concentration decreases when
the oxygen carrier to coal mass ratio was lower than ~50. This
behavior is due to that the oxygen carrier is not able to release oxy-
gen fast enough to fully burnt coal to CO,, although over-stoichi-
ometric conditions are used.

0, and CO were both found in the gaseous stream exiting the
reactor, because the oxygen concentration in the gases was too
low to allow the full combustion of CO to CO,.The amount of oxy-
gen in the flue gases would be enough to convert the remaining CO
to CO, for oxygen carrier to coal ratios higher than 35, but this has
not happened in the reactor. However, an excess of CO regarding
the O, present in gases was found for oxygen carrier to coal ratios
lower than 35. At these conditions, if conversion of CO to CO, was
desired in a down-stream step, addition of oxygen should be done
to the exiting stream.

Fig. 7 shows the oxygen generation rate as a function of the oxy-
gen carrier to coal ratio when the Cu60MgAl particles were 10 wt.%
diluted in alumina. In the same way that in the previous tests, the
oxygen generation rate increased as the oxygen carrier to coal ratio
decreased. This fact suggests that the presence of CO in the outgo-
ing gases was not due to a limitation of the oxygen carrier to sup-
ply the required oxygen by the fuel, but rather to an inefficient
combustion of char or volatiles at the low oxygen concentrations.
The lower oxygen concentration than the equilibrium value would
indicate that the oxygen generation rate is reaching its maximum
value given by the oxygen carrier reactivity.

An attempt to determine the maximum oxygen generation rate
of the Cu60MgAl material was done in a third series of experi-
ments. In these tests an additional dilution of the oxygen carrier
material in alumina was done. So, the mass fraction of the Cu60M-
gAl was 2.5 wt.%, whereas the loads of coal were between 0.03 and
0.5 g, corresponding to oxygen carrier to coal ratios from 200 to 12.
Fig. 8 shows the oxygen generation rate as a function of the oxygen
carrier to coal ratio in a double logarithmic scale. To observe the
global trend of the oxygen generation rate, the previous results
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Fig. 7. Instantaneous oxygen generation rate, ro, 4, for the Cu60MgAl oxygen
carrier as a function of the oxygen carrier to coal mass ratio. Tp =925 °C. Mass
fraction of Cu60OMgAl oxygen carrier in the reactor: 10 wt.%.

obtained with different dilutions of the oxygen carrier in alumina,
i.e. 100 wt.% and 10 wt.%, were included. It can be observed a sim-
ilar trend of the data obtained with different oxygen carrier dilu-
tions at similar oxygen carrier to coal ratios. When the oxygen
carrier to coal ratio decreased from high values until a value of
25, the oxygen generation rate increased. However, at lower oxy-
gen carrier to coal values it seemed that the oxygen generation rate
reached a maximum, and no further incremental in the oxygen
generation rate was obtained by decreasing the oxygen carrier to
coal ratio. Thus, for oxygen carrier to coal <25 — where the maxi-
mum rate for oxygen generation was reached - the coal conversion
was limited by the oxygen generation rate from the oxygen carrier.
The calculated value for the maximum oxygen generation rate was
2.6 x 1073 kg O,/s per kg of oxygen carrier when the temperature
during the reduction period increased up to 955 °C.

The CO, yield and the 0,/0,¢q ratio obtained for the third
experimental series were also shown in Fig. 6a and b, respectively.
Both, the CO, yield and the 0,/0,¢q ratio followed a downward
trend when the oxygen carrier to coal ratio decreased. Moreover,
the oxygen concentration becomes zero when the maximum rate
of oxygen generation was reached. This fact determines a change
in the limiting process during conversion of coal from the rate of
coal combustion determined by the char reactivity towards the
rate of oxygen production by the oxygen carrier determined by
the oxygen carrier reactivity.
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Fig. 6. (a) CO, yield and (b) ratio between the oxygen concentration at the reactor exit and at equilibrium conditions, 0,/0,q, as a function of the oxygen carrier to coal mass
ratio. To = 925 °C. Mass fraction of Cu60MgAl oxygen carrier in the reactor: ((J) 100 wt.%; (a) 10 wt.%; (O) 2.5 wt.%.
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Fig. 8. Instantaneous oxygen generation rate, ro, 4, for the Cu60MgAl oxygen
carrier as a function of the oxygen carrier to coal mass ratio. To =925 °C. Mass
fraction of Cu60MgAl oxygen carrier in the reactor: ((J) 100 wt.%; (a) 10 wt.%; (O)
2.5 wt.%.

Analogous experiments were carried out at initial temperatures,
To, 0of 900 °C and 950 °C. In these cases, temperature increased until
Tinax 0f 930 °C and 980 °C, respectively, when coal was added to the
bed. Similar trend was found for the oxygen generation rate with
the oxygen carrier to coal ratio. Nevertheless, the maximum oxy-
gen generation rate increased with the reacting temperature, as
showed in Table 3.

In the second and third experimental series, it can be observed
that with an oxygen carrier to coal ratio lower than 50, CO was
present in the outlet gases from the reactor. The presence of CO
could come from unconverted volatiles in the bed or from char
combustion, since a relevant amount of CO can appear as combus-
tion product of solid fuels in an oxygen lean atmosphere [28]. To
evaluate the CO source an experimental series was done using char
instead of coal. The oxygen carrier to char mass ratios varied from
150 to 14. Similar to experiments with coal, gaseous oxygen was in
the gases at equilibrium concentration for high oxygen carrier to
coal mass ratios. But in this case, the oxygen concentration de-
creased for oxygen carrier to char mass ratio below 130 becoming
zero at oxygen carrier to char ratios lower than 50. In all the exper-
iments carried out with char no CO was present in the outlet gases
even if oxygen was not present in the exhaust gases. This fact sug-
gests that the CO detected in test with coal at oxygen carrier to coal
ratios lower than 50, was due to unburnt volatiles. The presence of
CO could be due to the oxygen transference rate from the oxygen
carrier was not fast enough to fully convert carbon in volatiles to
CO,, but oxygen remaining in the oxygen carrier is able to burn
char fast enough to CO,.

Fig. 9 shows the oxygen generation rate as a function of oxygen
carrier to fuel mass ratio when coal or char were burnt with
Cu60MgAl particles 2.5 wt.% diluted in alumina. It can be observed
that at oxygen carrier to fuel ratios higher than 100 oxygen gener-
ation rates were similar both for coal and char. However, when the
oxygen carrier to fuel ratio decreased, oxygen generation rate in
the case of coal is two times higher than when the fuel is char.

Table 3

Maximum value of the oxygen generation rate, o, max, for the Cu60MgAl material and
calculated solids inventory in the fuel reactor for coal combustion, mg, as a function
of the temperature.

To(°C)  Tmax (°C) 1o, max x 10° (kg Oyfs per kg OC)  Mrx (kg OC/MWipn)
900 930 2.1 39
925 955 2.6 32
950 980 2.8 29

When char was used as fuel, the maximum oxygen generation rate
obtained was the same than the value found by thermo-gravimet-
ric analysis during CuO decomposition in N, [20,21]. Thus, the
maximum reaction rate using char in the fluidized bed looks to
be the maximum rate of generation of gaseous oxygen from parti-
cles, which is the same than that obtained in TGA. At low oxygen
carrier to coal ratios, oxygen was not present. So, the maximum
rate of oxygen generation was reached for this condition due to
the driving force, i.e. the difference between the partial pressure
of oxygen at equilibrium and the oxygen in the phase, is maximum.
The highest oxygen generation rate obtained when coal was burnt
could be explained by the direct reduction of CuO by the volatile
matter. In this case, gas—solid reaction between volatile matter
and oxygen carrier could be faster than oxygen generation rate.
In this way, the rate of transference of oxygen from solid particles
to gaseous compounds (0O,, CO,, H,0 or CO) is faster when coal is
used instead of char. More studies are needed to confirm this
explanation.

In the fuel reactor of a CLOU process, two processes should hap-
pen in series: oxygen generation and coal combustion with the
oxygen generated. Also, the gas-solid reaction between reacting
gases, e.g. volatile compounds, and the solid oxygen carrier could
be relevant. The oxygen generation rate has been analyzed as much
with coal as char. Differences were attributed to the presence of
volatiles in coal. Now, an analysis about the rate of char combus-
tion is done. With the results obtained using char as fuel it can
be calculated the char combustion rate. Fig. 10 shows the char
combustion rate as a function of the oxygen carrier to char ratio
at 925 °C when Cu60MgAl particles were 2.5 wt.% diluted in alu-
mina. The char combustion rate increased with the oxygen carrier
to char ratio up to a maximum. This maximum in the char combus-
tion rate was reached at oxygen carrier to char ratios higher than
100. At lower ratios the conversion rate of char was limited by
the rate of oxygen supply from the oxygen carrier. At oxygen car-
rier to char ratios higher than 100 the oxygen availability is not
limited by oxygen carrier reactivity. Thus, all the oxygen de-
manded for char combustion is supplied by the oxygen carrier at
enough high rate, and the combustion rate of char is fixed by its
own reactivity with oxygen and the oxygen concentration in the
reactor. The oxygen concentration during char combustion is
determined by thermodynamic equilibrium of CuO decomposition
to Cu,0. The maximum char combustion rate reached was 3.12%/s
at the maximum temperature reached during the experiment, i.e.
Tmax = 955 °C. This value is 10 times lower to that obtained during
coal continuous combustion in a CLOU unit [16] (27%/s at 960 °C).

"oz,redX103 (kg O, /s per kg OC)
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Fig. 9. Instantaneous oxygen generation rate, ro, 4, for the Cu60MgAl oxygen
carrier as a function of the oxygen carrier to coal mass ratio. Tp =925 °C. Mass
fraction of Cu60MgAl oxygen carrier in the reactor: 2.5 wt.%. Fuel: (O) coal; (@)
char.
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Fig. 10. Char combustion rate, (—rgq), for the Cu60MgAl oxygen carrier as a
function of the oxygen carrier to char mass ratio. Tp =925 °C. Mass fraction of
Cu60MgAl oxygen carrier in the reactor: 2.5 wt.%.

This fact may be explained due to the char used in this work is
much less reactive than the nascent char produced in the direct
combustion of the coal. The relevance of the thermal treatment
on the char reactivity in combustion or gasification processes is a
well known behavior [29-32], which supports these results.

5. Discussion

The rate of oxygen generation calculated by the procedure
above described can be related to the solids inventory needed to
fully convert the fuel in the fuel reactor of a CLOU system. Assum-
ing that the solids circulation rate in a CLOU system is high enough
to transport the required oxygen in the fuel reactor, the coal com-
bustion would be not limited by the availability of oxygen trans-
ported from the air reactor. Thus, the solids inventory, mgg,
depends on the flow of coal that the oxygen carrier is able to pro-
cess at the rate of oxygen generation assumed, ro, req, and it can be
calculated as:

Mo

_ 3
M =10 hy

(16)

being mg the mass of oxygen required per kg of coal to fully convert
it to CO, and H,0, as for the case of the conventional combustion
with air. LHV is the lower heating value of the solid fuel. From coal
analysis showed in Table 2, a value for mg = 2.1 kg O, per kg of coal
was calculated, whereas the LHV was 25878 kJ/kg for pre-treated
“El Cerrejon” coal. Notice that the solids inventory does not de-
pends on the oxygen carrier to coal ratio in experiments, but de-
pends on the oxygen generation rate obtained.

The calculated solids inventories for the maximum oxygen gen-
eration, ro,, are shown in Table 3. The solids inventory in the fuel
reactor was dependent on the reactor temperature because the in-
crease of the oxygen generation rate with the temperature. Thus,
39 kg/MWy, would be necessary in the fuel reactor at a reacting
temperature of 930 °C, decreasing to 29 kg/MW,, if temperature
increases up to 980 °C. Here, the temperature is the maximum
temperature reached during the reduction period.

These values of solids inventory corresponds to the minimum
amount of solids that generate the required oxygen for coal com-
bustion but not having an excess of oxygen in the gases. However,
from the experimental results it seems that an excess of oxygen in
the exhaust gases must be necessary in order to reach complete
combustion of fuel to CO, and H,0. Thus, the maximum generation
rate of oxygen was obtained for oxygen carrier to coal ratios lower
than 25, but incomplete combustion of coal can happen with CO at

the outlet stream for oxygen carrier to coal ratios lower than 50.
This fact would reduce the combustion efficiency if solids invento-
ries showed in Table 3 were used, which corresponded to the cal-
culated values using the maximum oxygen generation rate. In
order to increase the combustion efficiency, the complete combus-
tion of gases can be addressed improving the contact time between
the oxygen carrier and unburnt CO in gases, e.g. increasing the sol-
ids inventory in the fuel reactor. Thus, higher solids inventory than
that calculated using the maximum rate of oxygen generation
could be necessary in order to get complete combustion of fuel
to CO, and H,0.

From the results obtained in this work, three different regions
for coal combustion in the CLOU process can be identified depend-
ing on the oxygen carrier to coal ratio. Fig. 11 shows the delimiting
conditions for these regions and the calculated solids inventory.
The solids inventory depends on the instantaneous rate of oxygen
generation obtained for every value of oxygen carrier to carbon
mass ratio. The Region I was defined as the region where CO was
not present in the exhaust gases, corresponding to oxygen carrier
to coal ratios higher than 50. The oxygen generation rate for the
delimiting border was about 1.4 x 103 kg O,/s per kg of oxygen
carrier corresponding to a solid inventory of 58 kg/MWy,. In the Re-
gion II, O, and CO simultaneously appeared in the outgoing gases.
This region is limited between values of oxygen carrier to coal ra-
tios of 25 and 50, and it can be divided in two: at higher oxygen
carrier to coal ratios than 35, the fraction of oxygen in gases was
enough to convert the existing CO to CO,, and even an excess of
oxygen remained in gases. At this condition, the oxygen generation
rate was about 1.9 x 1073 kg O,/s per kg of oxygen carrier corre-
sponding to a solid inventory of 43 kg/MW,, at 955 °C. Thus, in
the range 43-58 kg/MW¢, complete combustion could be accom-
plished downstream in a subsequent step by catalytic combustion
without addition of new O,. Finally, in the Region IIl no oxygen was
present in the exhaust gases. The maximum rate for oxygen gener-
ation of the oxygen carrier is reached, and lowering the solids
inventory does not allow supplying oxygen to fully convert the coal
in the fuel reactor at the rate that is demanded by the coal feeding
rate. This region was observed for oxygen carrier to coal ratios low-
er than 25.

In this work, the dependence of the oxygen generation rate on
the oxygen carrier to coal ratio was analyzed to obtain the maxi-
mum rate of O, release. The numbers of the oxygen carrier to coal
ratios defining the regions in this work are for the Colombian pre-
treated coal. These numbers could be different as function of the
fuel, that is, the ratio needed to reach the maximum rate would de-
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Fig. 11. Calculated solids inventory in the fuel reactor for the Cu60MgAl oxygen
carrier as a function of the oxygen carrier to coal mass ratio. Tp =925 °C. Mass
fraction of Cu0OMgAIl oxygen carrier in the reactor: (J) 100 wt.%; (o) 10 wt.%; (O)
2.5 wt.%.
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pends on reactivity of coal and its composition. Thus, the more
reactive is a coal, the more oxygen carrier to coal ratio would be
needed to reach this maximum. This fact is explained because as
the solid fuel is more reactive, a lower amount of solid fuel would
be needed to demand oxygen at the same rate.

From the results showed in this work, it can be concluded that a
small oxygen amount is desirable in the flue gases coming from the
fuel reactor if complete combustion wants to be reached. In this
way, the necessity of an oxygen polishing step would be avoided.
Thus, it can be suggested that a CLOU system should be operated
in the Region I, where complete combustion of coal can be ob-
tained. It is necessary to notice that this does not mean all coal
would be converted to gas, but all gas produced from coal is oxi-
dized to CO, and H,0. Depending on the char reactivity and the
residence time in the reactor, some char will be transferred to
the air reactor before it was converted. If a relevant fraction of char
was bypassed to the air reactor, a higher mean residence time of
solids should be necessary in the fuel reactor. This can be accom-
plished or (1) by increasing the solids inventory in the fuel reactor;
or (2) by introducing a carbon separation system between the fuel
reactor and the air reactor, which separates char from oxygen car-
rier particles to be recirculated to the fuel reactor. In this case, the
solids inventory calculated in this work should be the lowest
amount of solids required to fully convert coal.

The excess of oxygen in Region I should decrease as the fuel
reactor temperature was lower because the oxygen concentration
at equilibrium is reduced. It is remarkable that the excess of oxy-
gen could be problematic for the transport and storage of the
CO,, and it must be removed from the exhaust gas stream. This sit-
uation is similar to that present in coal oxy-combustion units. To
address the excess of oxygen, one option would be to separate
the oxygen in the purification and compression process of the
CO, before being transported [33].

6. Conclusions

A Cu-based oxygen carrier prepared by spray drying was tested
for the CLOU process in a batch fluidized-bed reactor. The oxygen
carrier containing CuO (60 wt.%) and MgAl,04 was used as inert
material, whereas the bituminous Colombian coal “El Cerrején”
was used as fuel. The capability of particles to evolve gaseous oxy-
gen in the fuel reactor was evaluated as a function of the oxygen
carrier to coal mass ratio and reactor temperature. The oxygen car-
rier was subjected to about 34 redox cycles which last during 31 h
between 900 and 950°C. The oxygen carrier never showed
agglomeration problems during all the experimental work.

A decrease in the oxygen carrier to coal mass ratio caused a con-
tinuous increase in the oxygen generation rate of the Cu60MgAl
material until the maximum rate of oxygen generation was
reached. The maximum generation rate obtained with coal was
higher (about twice) the reaction rate obtained with char. Results
obtained with char were representative of the rate of evolution
of gaseous oxygen from particles, whereas experiments with coal
also could include a fast gas—solid reaction rate between volatile
matter and solid particles with direct reduction of CuO.

The oxygen generation rate was related to the solids inventory
in the fuel reactor in a CLOU process. Three operating regions were
identified depending on the solids inventory. Unburnt compounds
were not present in the outgoing gases in Region I when the calcu-
lated solids inventory was higher than 58 kg/MW,, at 955 °C. CO,
and H,0 were the only products of coal combustion and an excess
of O, was observed, which was found to be close to the equilibrium
concentration. At these conditions, the oxygen concentration at the
reactor outlet increased with the temperature. The Region II was
confined between 32 and 58 kg/MWy,, where both CO and O, were

present in the exhaust gases together CO, as main product. CO was
the only unconverted product present in gases, which came from
incomplete oxidation of volatile matter. The maximum rate of oxy-
gen generation was found in the so-called Region IIl. Oxygen was
not present in the flue gases, and a certain concentration of CO
was present as unburnt compound. Maximum oxygen generation
rates from 2.1 x 107> at 930 °C to 2.8 x 107> kg 0,/s per kg of oxy-
gen carrier at 980 °C were found. The estimated solids inventory in
the fuel reactor changed from 39 at 930°C to 29 kg/MW,, at
980 °C. However, for full combustion of coal to CO, and H,0 a min-
imum bed inventory of 43 kg/MWy, at 930 °C was necessary, corre-
sponding to a zone in Region Il where oxygen released from the
reactor is enough to convert CO to CO, in the exhaust gases.

The results obtained in this work showed that the reactivity of
the Cu60MgAl oxygen carrier allows the complete conversion of
the solid fuel in a CLOU process with very low solids inventory
and avoiding the oxygen polishing step. The method proposed in
this work can be used for other oxygen carrier materials and coals
in order to compare the behavior of different materials in the CLOU
process.
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Chemical-looping with oxygen uncoupling (CLOU) process is a chemical-looping combustion (CLC) tech-
nology that allows the combustion of solid fuels with inherent CO, separation. As in the CLC technology,
in the CLOU process the oxygen necessary for the fuel combustion is supplied by a solid oxygen-carrier,
which contains a metal oxide. The CLOU technology uses the property of the copper oxide which can gen-
erate gaseous oxygen at high temperatures. The oxygen generated by the oxygen-carrier reacts directly
with the solid fuel, which is mixed with the oxygen-carrier in the fuel-reactor. The reduced oxygen-
carrier is transported to the air-reactor where it is oxidized by air. The flue gases from the fuel-reactor
are only CO, and H;O0, since fuel is not mixed with air. This work demonstrates the proof of the concept
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Coal of the CLOU technology burning coal in a 1.5 kW, continuously operated unit consisting of two inter-
Combustion connected fluidized-bed reactors. A bituminous coal was used as fuel. An oxygen-carrier prepared by
CLC spray drying containing 60 wt.% CuO and MgAl,04 as supporting material was used as oxygen-carrier.

The effects of fuel-reactor temperature, coal feeding rate, and solids circulation flow rate on the com-
bustion and on the CO, capture efficiencies were investigated. Fast reaction rates of oxygen generation
were observed with the oxygen-carrier and full combustion of coal was attained in the plant using a
solids inventory ~ 235 kg/MWy, in the fuel-reactor. In addition, values close to 100% in carbon capture
efficiency were obtained at 960 °C. Results obtained are analyzed and discussed in order to be useful for

the scale-up of a CLOU process fuelled with coal.

© 2011 Elsevier Ltd. All rights reserved.

1. Introduction

According to the IPCC report on mitigation of climate change
(IPCC, 2005), carbon capture and storage (CCS) would contribute
with 15-55% to the cumulative mitigation effort worldwide until
2100in order to stabilize CO, concentration in the atmosphere. CCS
is a process involving the separation of CO, emitted by industry
and energy-related sources, and its storage for isolation from the
atmosphere over a long term. Chemical-looping combustion pro-
cess (CLC) has been suggested among the best alternatives to reduce
the economic cost of CO, capture using fuel gas (Kerr, 2005) and to
reduce energy penalty compared with other CO, capture process
(Kvamsdal et al., 2007). In this process, CO5 is inherently separated
from other combustion products, N, and unused O,, through the
use of a solid oxygen-carrier and thus no energy is expended for
its separation. A CLC system usually consists of two interconnected
fluidized-bed reactors, designated as air-reactor and fuel-reactor,
with the oxygen-carrier circulating between them. The CLC pro-
cess has been demonstrated for gaseous fuel combustion such as

* Corresponding author. Tel.: +34 976 733977, fax: +34 976 733318.
E-mail address: abad@icb.csic.es (A. Abad).
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natural gas and syngas in 10-140 kW4, units using oxygen-carrier
materials based on Ni (Linderholm et al., 2009; Kolbitsch et al.,
2009), Cu(Adanez et al.,2006) and Fe (Lyngfelt and Thunman, 2005;
Proll et al., 2009). All these oxygen-carriers have been reviewed by
Adanez et al. (2011).

The use of the CLC concept for energy generation by coal com-
bustion is more relevant for solid fuels, due to coal is considerably
more abundant and less expensive than natural gas. It would be
highly advantageous if the CLC process could be adapted to coal, as
well as other kind of solid fuels. The first option to use solid fuelsin a
CLC process was to use syngas in the fuel-reactor coming from a pre-
vious gasifying step. However it is necessary to use pure oxygen for
gasification of the solid fuel to apply this technology. This step has
an important energy penalty due to the oxygen separation from the
air. The second option of development is the chemical-looping solid
fuel combustion, where the solid fuel is directly introduced to the
fuel-reactor which is fluidized by a gasifying agent, e.g. H,0 or CO,.
Because of the slow gasification reaction rate, a carbon stripper is
necessary to separate the unreacted char particles from the oxygen-
carrier, before it is regenerated with air, to avoid CO, emissions in
this reactor (Berguerand and Lyngfelt, 2008; Cao and Pan, 2006).
To increase the gasification rate, temperatures higher than 1000 °C
have been proposed to be used in the fuel-reactor (Berguerand and
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Nomenclature

fehix carbon fraction as fixed carbon in the coal

fc carbon fraction in the coal

F; molar flow of compound i (mol/s)

Finrr dry basis gas flow introduced in the fuel-reactor
(mol/s)

fi mass fraction in coal of element or compound i

Fourar  dry basis exiting gas flow in the air-reactor (mol/s)

Fourrr  dry basis gas flow exiting from the fuel-reactor
(mol/s)

Meoal mass-based flow of coal fed-in to the fuel-reactor
(kg/s)

e o mass flow of carbon contained in the volatile matter
(kg/s)

M; molecular weight of compound i (kg/mol)

s solids circulation rate (kg/s)

MsFR mass of solids in the fuel-reactor (kg)
(=r1¢) fractional conversion rate of char (%/s)

1o, rate of oxygen generation (kg O,/s per kg of OC)
Xchar conversion of char in the fuel-reactor
Vi molar fraction in dry basis of the i product

Greek letters
AH; enthalpy of reaction (kJ/mol)

AXoc  difference of oxygen-carrier conversion in the air-
and fuel-reactors

Tcc carbon capture efficiency (%)

Neomb  combustion efficiency in the fuel-reactor (%)

A stoichiometric air ratio

TER mean residence time of solids in the fuel-reactor (s)

¢ oxygen-carrier to fuel ratio

2coal stoichiometric moles of O, to convert 1kg of coal
(mol/kg)

Acronyms

AR air-reactor

CLC chemical-looping combustion

CLOU  chemical-looping with oxygen uncoupling

FR fuel-reactor

in inlet

IPCC intergovernmental panel on climate change

oC oxygen-carrier

out outlet

Lyngfelt, 2009). Moreover, there is a partial loss of oxygen-carrier
in the purge stream of ash particles and low cost materials are pre-
ferred in this CLC option, e.g. ilmenite, hematite or anhydrite (Leion
et al., 2008, 2009a; Shen et al., 2009; Wang and Anthony, 2008).

An alternative process, chemical-looping with oxygen uncou-
pling (CLOU), was recently proposed (Mattisson et al., 2009a) to
overcome the low reactivity of the char gasification stage in the
direct solid fuelled chemical-looping combustion. Mattisson and
co-workers (Mattisson et al., 2009a) made use of the idea first pro-
posed by Lewis and Gilliland (1954) to produce CO, from solid
carbonaceous fuels by using gaseous oxygen produced by the
decomposition of CuO.

Chemical-looping with oxygen uncoupling (CLOU) process is
based on the strategy of using oxygen-carrier materials which
release gaseous oxygen in the fuel-reactor and thereby allowing the
solid fuel to burn with gas phase oxygen. These materials can be also
regenerated at high temperatures. In this way, the slow gasification
step in the chemical-looping combustion with solid fuels is avoided,
giving a much faster solid conversion (Mattisson et al., 2009b). In

sz-02)4—| |—>c02+Hzo COo,—1— CO,
Air Fuel H0(l)
Reacto Reactor
Me, 0,4 #——Coal
I co) > Ash
Air

Fig. 1. Schematic diagram of the CLOU process.

CLOU process, fluidization gas can be recycled CO,, reducing in this
way the steam duty of units in which steam is used to accelerate
gasification kinetics.

Fig. 1 shows a schematic diagram of a CLOU system. In the fuel-
reactor CO, and H, O are produced by different reactions. First the
oxygen-carrier releases oxygen according to:

2Me,Oy < 2Mex0,_; + 0, 1)

and the solid fuel begins devolatilization producing a solid residue
(char) and volatile matter as gas product:

Coal — volatile matter + char (2)

Then, char and volatiles are burnt as in usual combustion according
to reactions (3) and (4):

Char (mainly C) + O; — CO, 3)
Volatile matter (mainly H,, CO, CH4) + Oy — CO5 +H,0 (4)

After steam condensation, a pure CO, stream can be obtained in
the fuel-reactor. The reduced oxygen-carrier is transported to the
air-reactor, where the oxygen-carrier is regenerated to the initial
oxidation stage by reverse reaction (1) with the oxygen of the air,
and being ready for a new cycle. The exit stream of the air-reactor
contains only N, and unreacted O,. Therefore, CLOU process such
as CLC technology has a low energy penalty for CO, separation and
low CO,, capture costs would be expected. The heat release over the
fuel- and air-reactors is the same as for conventional combustion.

A special requirement is needed for the oxygen-carrier to be
used in the CLOU process in comparison to oxygen-carriers for nor-
mal CLC, where the fuel must be able to react directly with the
oxygen-carrier without any release of gas phase oxygen. Only those
metal oxides that have a suitable equilibrium partial pressure of
oxygen at temperatures of interest for combustion (800-1200°C)
can be used as CLOU oxygen-carriers for solid fuel combustion.
CuO/Cu,0, Mn;03/Mn304, and Co304/Co0 have been identified as
redox pairs with capacity to evolve oxygen at those temperatures
(Mattisson et al.,2009a). Copper, manganese and cobalt oxides have
an oxygen transport capacity of 10,3 and 6.6 g O, per 100 g of metal
oxide, respectively.

In the CLOU process, the O, release (reaction (1)) must be
reversible in order to oxidize the oxygen-carrier in the air-reactor
and regenerate the material, which depends on the thermodynamic
of the metal oxide used. Fig. 2 shows the partial pressure of oxy-
gen as a function of the temperature for the systems CuO/Cu,0,
Mn,03/Mn304, and Co304/Co0, calculated using HSC software
(HSC Chemistry 6.1, 2008). The respective reactions are endother-
mic for the three metal oxides, as it is shown in reactions (5)—(7).
Operating conditions in the air-reactor and fuel-reactor would be
determined by the thermodynamics of reaction (1) with the specific
oxygen-carrier. On the one hand, the partial pressure of O, at equi-
librium conditions must be low (4 kPa or lower) at the air-reactor
temperature, in order to have a high use of the oxygen in air. On
the other hand, the equilibrium concentration of oxygen in the fuel-
reactor will be given by the temperature in the reactor determined
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Fig. 2. Equilibrium oxygen concentration over the CuO/Cu,0 (=), Mn;03/Mn304
(---) and Co304/CoO0 (---) systems as a function of temperature.

by the energy balance to CLOU system. A high equilibrium partial
pressure of oxygen together with a very reactive oxygen-carrier will
promote the overall conversion rate of the solid fuel in the fuel-
reactor. In addition, the combustion of the fuel will decrease the
oxygen concentration in the reactor and can improve the decom-
position reaction of the metal oxide particles. The temperature
at which the air- and fuel-reactor will operate is determined by
the temperature of the incoming particles, the circulation rate and
energy extraction, as well as the heat of reaction in both reactors,
as it was analyzed by Eyring et al. (2011) for a CLOU process.

4Cu0 < 2Cu0 +0; AHP°C = 262.1k]/mol 0, (5)
6Mn,03 < 4Mn304 + 05  AHP?°C = 193.1k]/mol O, (6)
2C0304 < 6C00+ 0, AHP%°C = 406.7 kj/mol O, (7)

In the case of copper and manganese oxides, the overall reaction
with carbon is exothermic in the fuel-reactor, as it is shown in
reactions (8) and (9). Thus it is possible to have a temperature
increase in the fuel-reactor, which results in a significantly higher
partial pressure of O, at equilibrium conditions. In addition to heat
release, overall heat balances to include heat losses (or heat inputs)
and heat withdrawals (either in oxygen-carrier or fluidizing gas)
are needed to obtain the temperatures in the reactors. In the
other hand the reaction of the cobalt oxide with carbon is an
endothermic reaction, see reaction (10).

4Cu0 + C — 2Cuy0 + CO;  AHP°°C = —132.9KkJ/mol O, (8)
6Mn,03 + C — 4Mn304 + CO; AHP?°C = —201.9Kk]/mol 0, (9)
2C0304 + C — 6C00 4+ CO,  AHP?°C = 11.7Kk]/mol O, (10)

There are only a small number of works in the literature for CLOU
process dealing with the use of Cu-, Mn-, and Co-based based
materials.

Regarding the use of manganese oxides for CLOU process, sev-
eral Mn-based particles supported on Fe, 03, NiO, SiO, or MgO have
been tested in a batch fluidized bed at Chalmers University of Tech-
nology (Azimi et al.,2011; Rydén et al., 2011b; Shulman et al., 2009,
2011). Good oxygen uncoupling and mechanical properties, as well
as high reactivity with methane were showed for a Mn/Fe material
after repeated redox cycles (Shulman et al., 2009). The formation
of the FexMn; _,0O3 iron manganate improves the oxygen uncou-
pling properties with respect to the manganese oxides. Later, the

optimum molar ratio Fe:Mn was determined to be 2:1 (Azimi et al.,
2011). Tests in a batch fluidized bed with coal or petcoke as fuel
revealed a high conversion of char, although the oxygen released
was found to be around 0.5% of the mass. This material has also
been tested in a continuous facility with methane as fuel (Rydén
et al., 2011b), showing much better oxygen uncoupling properties
than a manganese ore. However, the authors pointed out that much
of the synthetic particles turned into a fine dust after 4 h of opera-
tion and collapsed material formed very soft agglomerations in the
fuel-reactor.

Physical mixing of oxygen-carriers with Mn;03 and Co304
(60wt.%) supported on three different binders (yttria-stabilized
zirconia (YSZ; 92wt.% ZrO, and 8wt.% Y,03), Al;03 and T;0;)
were investigated with promising results on oxygen release rate
(Moghtaderi, 2010). However, these materials were proposed for
oxygen production in the chemical-looping air separation process
(CLAS), where coal is not mixed with the oxygen-carrier.

Perovskite type materials based on Mn and Ca oxides
(CaMn,Tiq _,03) has also been tested in a batch fluidized facility
(Leion et al., 2009c; Rydén et al., 2011a). The oxygen uncoupling
properties of perovskite type materials caused a fast conver-
sion of petcoke (Leion et al.,, 2009c). The perovskite material
CaMng g75Tig 12503 was later examined for 70h in a small circu-
lating fluidized-bed reactor using natural gas as fuel (Rydén et al.,
2011a). Particles retained most of their physical properties and
reactivity over the course of the experiments. In addition, high reac-
tivity with CH4 was found, although complete conversion of natural
gas was not obtained during the experimental tests.

In general, Cu-based materials have faster release of oxygen
than Mn-based particles (Leion et al., 2009c). Preliminary experi-
ments were conducted using Al; 03 or ZrO, as supporting materials
(Leion et al., 2009b; Mattisson et al., 2009a,b). The results showed
the relevance of the oxygen uncoupling properties on increasing
the char conversion, which was the starting point for the pro-
posal of the CLOU process. These experiments were done in a batch
fluidized-bed reactor, and a high rate of char conversion was found
for several carbonaceous materials, including petcoke, coal, and
biomass (Leion et al., 2009b). It was found a 50 times increase
in the conversion rate of petroleum coke at CLOU conditions with
CuO relative to those measured with Fe-based oxygen-carrier in a
CLC system with solid fuels (Mattisson et al., 2009a). It is note-
worthy that Fe-based materials do not have oxygen uncoupling
properties. A solids inventory between 120 and 200 kg/MW,;, was
estimated for CLOU process using Cu-based particles (Mattisson
et al., 2009a; Eyring et al., 2011), which was much lower than
the amount of solids required in a CLC system 2000 kg/MWy, for
Fe-based particles (Leion et al., 2007; Mattisson et al., 2009b). How-
ever, they found some defluidization phenomena with Cu-based
particles during some parts of the experiments (Mattisson et al.,
2009b).

Avoiding agglomeration with Cu-based oxygen-carriers has
been a major concern in the past. Thus, for CLC conditions where
CuO can be reduced to Cu agglomeration is avoided by using CuO
fractions lower than 20 wt.% in the particle (de Diego et al., 2005).
However, the condition is different for CLOU, where CuO is reduced
to CuyO0. In the research group of ICB-CSIC (Adanez-Rubio et al.,
2011; Gayan et al., submitted for publication), a screening study
considering 25 different Cu-based oxygen-carriers was done to
select appropriate materials for CLOU process. Particles prepared
by different methods and using several CuO contents and support-
ing materials were tested. Reactivity of materials was analyzed in a
TGA, whereas mechanical stability and fluidization properties were
studied in a batch fluidized bed. Two promising Cu-based oxygen-
carriers prepared by pelletizing by pressure (60 wt.% CuO supported
on MgAl,04, and 40 wt.% CuO supported on ZrO,) were selected
according to their high reactivity, low attrition rate and avoidance
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Table 1

Properties of the oxygen-carrier Cu60MgAL.
CuO content (wWt.%) 60
Oxygen transport capacity, Roc (Wt.%) 6
Crushing strength (N) 2.4
Real density (kg/m?3) 4600
Porosity (%) 16.1
Specific surface area, BET (m?/g) <0.5

XRD main phases Cu0, MgAl,04

of agglomeration during successive redox cycles by alternating
nitrogen and air.

To summarize, some works using oxygen-carriers with oxygen
uncoupling properties have been done mainly in batch operation
mode. The oxygen uncoupling properties of carrier materials were
determined by analyzing the break off of oxygen in nitrogen and
the conversion of CHy or solid fuels (petcoke, coal, biomass). How-
ever, the CLOU concept is based on the use of two interconnected
fluidized beds, the oxygen-carrier being continuously circulating
between them. In continuously operated units, only limited infor-
mation about the oxygen uncoupling properties of two Mn-based
materials using a gaseous fuel (CH4 ) in the fuel-reactor can be found
(Rydénetal., 2011a,b). Up to the present, no experimental evidence
has been found in the literature about the CLOU concept with solid
fuels in continuously operated systems.

The aim of this work was to investigate the proof of the con-
cept of the CLOU process in a continuously operated CLOU plant
using coal as fuel. In this work, particles prepared by spray drying
containing 60 wt.% CuO and using MgAl,04 as supporting mate-
rial were used as oxygen-carrier for the CLOU process. This is the
first time that the CLOU concept is demonstrated in a system com-
posed by two interconnected fluidized-bed reactors using a solid
fuel (bituminous coal). The effect of operating conditions - such
as temperature of the fuel-reactor, the solids circulation rate and
the coal feeding rate - on the combustion and CO, capture effi-
ciencies were investigated. The results obtained were analyzed and
discussed in order to be useful for the scale-up of a CLOU process
fuelled with coal.

2. Experimental
2.1. Oxygen-carrier material

The oxygen-carrier was a Cu-based material prepared by
spray drying. Oxygen-carrier particles were manufactured by
VITO (Flemish Institute for Technological Research, Belgium) using
MgAl, 04 spinel (Baikowski, S30CR) and CuO (PANREAC, PRS) as raw
materials. The CuO content was 60 wt.%. The particles were calcined
24h at 1100°C. The particle size of the oxygen-carrier was +0.1 to
0.2 mm. From now on, the oxygen-carrier was named as Cu60MgAl.
Table 1 shows the main properties of this material.

The mechanical strength, determined using a Shimpo FGN-5X
crushing strength apparatus, was taken as the average value of 20
measurements of the force needed to fracture a particle. The sur-
face area of the oxygen-carrier particles was determined by the
Brunauer-Emmett-Teller (BET) method in a Micromeritics ASAP-
2020, whereas the pore volume was measured by Hg intrusion in
a Quantachrome PoreMaster 33. The identification of crystalline
chemical species was carried out by powder X-ray diffractometer
Bruker AXS graphite monochromator.

The fresh material has a very low porosity and a very low super-
ficial area. The mechanical strength of the particles after 24 h of
calcination was adequate for its use in a fluidized bed. The crys-
talline phases found by XRD analysis were only CuO and MgAl;04.
The oxygen transport capability, Roc, was calculated in a TGA as
Roc =1 —myeq/mox, Mox being the mass of fully oxidized particles

Table 2
Properties of fresh and pre-treated “El Cerrején” coal.
El Cerrejon
Fresh Pre-treated
Proximate analysis (wt.%)
Moisture 7.5% 2.3%
Volatile matter 34.0% 33.0%
Fixed carbon 49.9% 55.9%
Ash 8.6% 8.8%
Ultimate analysis (wt.%)
C 70.8% 65.8%
H 3.9% 3.3%
N 1.7% 1.6%
S 0.5% 0.6%
LHV (KJ/kg) 25,880 21,899

and mgeq in the reduced form, i.e. when all CuO has been reduced
to Cu,0.

Preliminary results showed that similar material prepared by
mechanical mixing has adequate values of reactivity and oxygen
transport capacity, high attrition resistance and does not have
tendency to agglomerate during operation in a fluidized-bed
reactor (Adanez-Rubio et al., submitted for publication-a).

2.2. Coal fuel

The fuel was a bituminous Colombian coal “El Cerrején”. Prox-
imate and ultimate analysis and the low heating value of this coal
were determined. The properties of this coal are shown in Table 2.
The coal particle size used for this study was +200 to 300 pm.

Bed agglomeration problems with pipes clogging were found
when “El Cerrején” coal was fed into the system because this
coal showed a high swelling behaviour. In order to avoid coal
swelling and bed agglomeration, the coal was subjected to a ther-
mal pre-treatment for pre-oxidation. Coal was heated at 180°C
in air atmosphere for 28 h (Pis et al., 1996). Proximate and ulti-
mate analyses of the pre-treated coal are shown in Table 2. The
pre-oxidation causes an increase in the oxygen content from 7.2 to
17.6% and a decrease in the heating value. Despite the decrease
in the heating value, the swelling properties of this coal were
eliminated and agglomeration problems were not observed in any
experiment carried out with this pre-treated coal.

2.3. Experimental set-up ICB-CSIC-s1

A schematic view of the experimental set-up used is shown in
Fig. 3. The set-up was basically composed of two interconnected
fluidized-bed reactors - the air- and fuel-reactors - joined by a loop
seal and a riser for solids transport from the air-reactor to the fuel-
reactor, a cyclone and a solids valve to control the solids circulation
flow rate in the system. The reactors operate slightly higher than
atmospheric pressure, taking into consideration the pressure drops
in the bed and pipes to stack. The fuel-reactor (1) consisted of a
bubbling fluidized bed with 50 mm of inner diameter and 200 mm
bed height. N, or CO, can be used as fluidizing gas. The gas flow
was 186 Ly/h, corresponding to a gas velocity of 0.11 m/s at 900 °C.
The minimum fluidizing velocities of the oxygen-carrier particles
are 0.006 m/s for the smallest particle size and 0.023 m/s for the
biggest one. The terminal velocities of the oxygen-carrier particles
are 0.40m/s and 1.45m/s, for the smallest and biggest particles,
respectively.

Coal (9) was fed in by a screw feeder (10) at the bottom of
the bed just above the fuel-reactor distributor plate in order to
maximize the time that the fuel and volatile matter are in con-
tact with the bed material. The screw feeder has two stages: the
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Fig. 3. Schematic view of the ICB-CSIC-s1 unit for CLOU (1.5 kWy,).

first one with variable speed to control the coal flow rate, and
the second one has high rotating velocity to avoid coal pyrolysis
inside the screw. A small N, flow (24 Ly/h) is introduced at the
beginning of the screw feeder to avoid any possible volatile reverse
flow.

The oxygen-carrier is decomposed in the fuel-reactor, evolv-
ing gaseous oxygen to the surroundings. The oxygen burns the
volatiles and char proceeding from coal pyrolysis in the fuel-
reactor. Reduced oxygen-carrier particles overflowed into the
air-reactor through a U-shaped fluidized bed loop seal (2) with
30 mm of inner diameter, to avoid gas mixing between fuel and air.
A N, flow of 60 Ly/h was introduced in the loop seal. Preliminary
experiments were carried out to observe the distribution of gas fed
to the loop seal. In experimental conditions used in this work, the
gas in the loop-seal was distributed approximated at 50% in each
reactor (air- and fuel-reactor).

The oxidation of the carrier took place in the air-reactor (3), con-
sisting of a bubbling fluidized bed with 80 mm of inner diameter
and 100 mm bed height, and followed by a riser with 30 mm of
inner diameter. The air flow was 1740 Ly/h (ug = 0.40 m/s). In addi-
tion, a secondary air flow (240 Ly/h) was introduced at the top of
the bubbling bed to help particle entrainment through a riser (4).
N, and unreacted O, left the air-reactor passing through a high-
efficiency cyclone (5) and a filter before the stack. The oxidized
solid particles recovered by the cyclone were sent to a solids reser-
voir (7), setting the oxygen-carrier ready to start a new cycle. The
regenerated oxygen-carrier particles returned to the fuel-reactor
by gravity from the solids reservoir through a solids valve (8) which
controls the flow rates of solids entering to the fuel-reactor. A
diverting solids valve (6) located below the cyclone allowed the
measurement of the solids flow rates at any time. Therefore, this
design allows to control and measure the solids circulation flow

rate between both reactors. The ash particles from char combus-
tion were not recovered by the cyclone and were collected in a
filter down-stream. Thus, ash particles were not accumulated in
the system. Finally, it is worthy of consideration that leakage of gas
between bothreactors was avoided by the presence of the U-shaped
loop seal (2) and the solids reservoir (7). Thus, the presence of oxy-
gen in the fuel-reactor solely should come from oxygen released by
reaction (5).

The total oxygen-carrier inventory in the system was around
2.0kg, being about 0.4 kg in the fuel-reactor. The exact amount of
solids in the fuel-reactor was calculated from pressure drop mea-
surements in the reactor for each test.

CO,, CO, Hy, CHy, and O, were analyzed at the outlet stream
from fuel-reactor, whereas CO,, CO and O, were analyzed from
the flue gases of the air-reactor. Non-dispersive infrared (NDIR)
analyzers (Maihak S710/UNOR) were used for CO, CO,, and CHy
concentration determination; a paramagnetic analyzer (Maihak
S710/OXOR-P) was used to determine O, concentration; and a ther-
mal conductivity detector (Maihak S710/THERMOR) was used for
H, concentration determination. In some selected experiments, the
tar amount present in fuel-reactor product gas was determined
following the tar protocol (Simell et al., 2000), as well as higher
C,-C4 hydrocarbons were analyzed off-line by a gas chromatograph
(HP5890 Serie II).

Because of heat losses, the system is not auto-thermal and is
heated up by means of various independent ovens to get inde-
pendent temperature control of the air-reactor, fuel-reactor, and
freeboard above the bed in the fuel-reactor. During operation, tem-
peratures in the bed and freeboard of the fuel-reactor, air-reactor
bed and riser were monitored as well as the pressure drops in
important locations of the system, such as the fuel-reactor bed, the
air-reactor bed and the loop seal.
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Table 3

Main data for experimental tests in the continuous CLOU prototype ICB-CSIC-s1 (bold values correspond to the variable changed in every test series).

Test Tre (°C) ¢ A s (kg/h) Meoal (g/h) Power (W) Msex (8) m; g (kg/MWip)
CLOUO1 903 12 2.8 4.2 112 681 412 605
CLOUO2 917 12 2.8 42 112 681 412 605
CLOUO3 941 12 2.8 42 112 681 373 547
CLOUO4 960 12 2.8 42 112 681 393 577
CLOUO5 924 43 47 9.0 67 410 471 1150
CLOU06 929 3.2 35 9.0 89 541 452 835
CLOUO7 917 2.6 2.8 9.0 112 681 412 605
CLOUO8 920 2.1 23 9.0 135 821 373 454
CLOU09 925 1.1 12 9.0 256 1560 368 235
cLou10 901 1.1 2.8 3.7 112 681 452 663
CLou11 901 2.0 2.8 7.0 112 681 452 663
CLOU12 898 4.0 2.8 139 112 681 491 721

2.4. Experimental planning

Three different experimental test series were carried out using
the same batch of oxygen-carrier particles. Table 3 shows a com-
pilation of the main variables used in each test. OXxygen-carrier
particles were used during 30h of hot fluidization conditions,
whereof 18 h corresponded to coal combustion.

The fuel-reactor temperature (CLOUO1-CLOUO04), the coal feed-
ing rate (CLOUO5-CLOUO09) and the solid circulation flow rate
(CLOUO1 and CLOU10-CLOU12) were varied during experimental
work using “El Cerrejéon” coal. The temperature in the freeboard
was maintained at 900°C in all cases. The coal fed in was varied
from 67 to 256 g/h, which corresponded to a thermal power of
410-1560 Wy;,. N, was used as fluidizing gas in the fuel-reactor in
order to improve the evaluation of experimental results. A param-
eter ¢ was defined to calculate the stoichiometric solid circulation
rate needed for combustion of each coal feeding rate. A value of
¢=1 corresponds to the stoichiometric flow of CuO to fully con-
vert coal to CO, and H,O through reactions (1)-(4), being the CuO
reduced to Cu,0. The oxygen-carrier to fuel ratio (¢) was defined
by the following equation:
¢: 53'251‘?&10 (11)

coalMcoal
Fcuo being the molar flow rate of CuO and iy, the mass-based
flow of coal fed-in to the reactor. §2., is the stoichiometric mols
of oxygen, as O,, needed to convert 1kg of coal to CO, and H,0,
as well as NO and SO,. This value was calculated from the proxi-
mate and ultimate analysis of coal, see Table 2, yielding a value of
2021 =59 mol O, per kg of coal.
QcoalzAZ—CC+0.25IQ—:+O.5ACI—'L+ACI—SS—O.SAC[—% (12)
The temperature in the air-reactor was maintained at 900 °C. Air
flow into the air-reactor was maintained constant for all tests,
always remaining in excess over the stoichiometric oxygen demand
of the fuel. The stoichiometric air ratio, A, was defined by Eq. (13).
Depending on the fuel flow, the value of A ranged from 1.2 to 4.7.
_oxygenflowinair _ 0.21F;;,

A= oxygendemand ~ £2.aMcoal (13)

2.5. Data evaluation

To analyze the confidence of the results, a mass balance to oxy-
gen and carbon was carried out using the measurements of the
analyzers from the air- and fuel-reactors. The dry basis product gas
flow in the fuel-reactor, Foyutrr, Was calculated as

Fin rr
1- (YCOZ,out,FR + Yco,out,FR + YH,,out,FR +YCH4,out,FR)

Fout,FR = (14)

Yi.out.rr being the concentration in dry basis exiting from the fuel-
reactor, where i can be: CO,, CO, H; or CHy.

The outlet air-reactor gas flow, Fyyar, Was calculated through
the introduced Ny, Fy, ar-

Fn, AR

(15
1 - (¥0,,0ut,AR +YC0,,0ut,AR) )

Fout,AR =

Thus, the exiting flows of O, and CO, from the air- and fuel-reactors
can be easily calculated using the actual concentration of every gas
i.

Fi out = Yi,outFout (16)

Notice that nitrogen is used as fluidizing agent in the fuel-reactor
during experimental work, thus CO, comes uniquely from the coal
combustion. The mass balances for oxygen and carbon were found
to be accurate by using the measurements of the analyzers from
the air- and fuel-reactors. The mass balance to carbon can be done
as:

fC . mcoal = fC,ﬁx : mcoal + mC,vol
= Mc(Fco,,out,FR + Fco,out,FR + FcH,,out,FR + Fco,,out,AR)
(17)

fcsix being the carbon fraction as fixed carbon in the coal, and riic g
the mass flow of carbon contained in the volatile matter calculated
as

mC,vol = UC _fC,ﬁx)mcoal (18)

Eq. (18) assumes that the volatiles evolved in the fuel-reactor are
the same as in a proximate analysis measurement. The elutriation
of char particles from the fuel-reactor was negligible regarding the
carbon balance in the system.

From the flow of CO, and O, exiting from the fuel-reactor, the
rate of oxygen generation per unit of mass of solid in the fuel-
reactor can be calculated as:

(Fco, out iR + Fo, out. iR + 0.5(Fco,out, R + Fi,0,0ut, FR)
—0.511¢041((f,0/Mh,0) + (fo/Mo)) )Mo,
Mg FR

ro, = (19)
The variation of the oxygen-carrier conversion in the fuel-reactor
was calculated as:
ro, - Ms FR
0.25Fcy0

The evaluation of the CLOU performance was carried out by study-
ing the effect of the operational variables on the carbon capture
efficiency, the char conversion and the combustion efficiency in
the fuel-reactor.

The carbon capture efficiency, ncc, was defined as the fraction
of carbon initially present in the coal fed in which is actually at the

AXoc = (20)
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outlet of fuel-reactor as CO,. This is the actual CO, captured in the
CLOU system, the remaining is CO, exiting together with nitrogen
from the air-reactor.

McFco,,out,FR
fC : mcoal

The carbon capture efficiency depends on the conversion of char in
the fuel-reactor. The conversion of char in the fuel-reactor, Xchar,
was calculated considering the carbon contained in the coal fed
remaining in the char, i.e. fixed carbon, and the carbon not con-
verted in the fuel-reactor, which exits as CO, from the air-reactor.

Nee = (21)

Je fix - Meoal — Mc - Fo, out, AR
fC,ﬁx : mcoal

Xchar = (22)
The conversion of char in the fuel-reactor was related to the tem-
perature and the mean residence time of solids in the fuel-reactor,
TrRr. Trr 1S calculated by the following equation:

TR = mﬁsl’FR (23)
S

msrr being the mass of solids in the fuel-reactor and riis the solids
circulation rate between the air- and fuel-reactors.

Finally, the combustion efficiency in the fuel-reactor, n¢omp,
evaluates the combustion degree of coal only converted in the
fuel-reactor. The combustion efficiency in the fuel-reactor was cal-
culated through the quotient between the oxygen required to fully
burn uncorverted gases (CH4, CO and H, ) and the oxygen demanded
by coal converted to gas only in the fuel-reactor. Therefore, the
combustion efficiency in the fuel-reactor was calculated as:

4Fco,,out,FR + Fco,out,FR + FH,,out, FR
(Qcoal/MO )mcoal - 2FCOZ,out,AR

Neomb,FR = 1 — (24)

3. Results

To demonstrate the proof of the concept of the CLOU process,
several tests under continuous operation were carried out in the
ICB-CSIC-s1 experimental unit using coal as fuel. A Cu-based mate-
rial (Cu60MgAl) was used as oxygen-carrier. Although CO, should
be the fluidizing gas in a CLOU unit, in this work N, was fed to the
fuel-reactor to use measurements of CO, concentration to carry
out the carbon balance. In other work, it was determined that
the fluidization agent does not have any influence on the oxygen
uncoupling behaviour of a Cu-based oxygen-carrier (Gayan et al.,
submitted for publication).

Different fuel-reactor temperatures, coal feeding rates and solid
circulation flow rates were used, see Table 3. The CLOU prototype
was easy to operate and control, and steady state for each operating
condition was maintained for at least 60 min. Around of 30h of
continuous hot CLOU operation were accomplished. Agglomeration
or defluidization was never detected with this Cu-based oxygen-
carrier, even though the fuel-reactor temperature was as high as
960°C.

The exit gas compositions of fuel- and air-reactors exit gases
were analyzed. As an example, Fig. 4 shows the concentration of
gases (dry basis) measured as a function of the operating time for
test series CLOUO1-CLOUO4 where the fuel-reactor temperature
was varied from 900 °C to 960 °C. The solids circulation rate was
maintained at a mean value of 4.2 kg/h, whereas the coal feeding
rate was 0.11 kg/h, corresponding to a oxygen-carrier to fuel ratio,
¢, 0f 1.2, as defined by Eq. (11). Carbon feeding started at t =17 min.
Before carbon feeding, the oxygen concentration in the fuel-reactor
was at equilibrium conditions at the reactor temperature. Thus, the
oxygen uncoupling effect of the oxygen-carrieris showed. After car-
bon feeding, a short transitional period it is shown until steady state
is reached. At steady state, the gas outlet concentration and tem-
perature were maintained uniform during the whole combustion
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Fig.4. Evolution of the gas composition in the air- and fuel-reactor at different fuel-
reactor temperatures. Experimental tests CLOUO1-CLOUO4. 1 = 4.2 kg/h; ¢=1.2.
Fuel feeding to the system after vertical line, t =17 min.

time. When temperature was varied, a transition period appeared
and stable combustion was reached usually in less than 10 min.

In all cases, no CHy4, CO or H, were detected in the outlet gas
stream of the fuel-reactor. The possible presence of tars or light
hydrocarbons (C;-C4) was also analyzed. For some experiments,
tar measurements were done using tar protocol (Simell et al., 2000)
at the fuel-reactor outlet stream. Tar was not detected in the fuel-
reactor outlet flow, that is, no hydrocarbons heavier than Cs. In
addition, gas from the fuel-reactor outlet stream was collected in
bags and analyzed off line using a gas chromatograph. The anal-
ysis showed that there were no C;-C4 hydrocarbons in the gases.
Thus, CO,, H,0 and O, were the only gases at the fuel-reactor outlet
together with the N, introduced as fluidizing gas. It must be pointed
out that small amounts of SO, and NOx were also present at the
fuel-reactor gas stream, but these components were not evaluated
in this work. Therefore, volatiles were fully converted into CO, and
H,0 in the fuel-reactor by reaction with the oxygen released from
the CuO decomposition. In addition, the oxygen release rate was
high enough to supply an excess of gaseous oxygen (0,) exiting
together with the combustion gases. In the air-reactor the CO, and
0, concentration decreased when the temperature increased in the
fuel-reactor.

The corresponding performance parameters (i.e. combustion
efficiency, carbon capture efficiency and char conversion) to the
tests shown in Table 3 are summarized in Table 4. Fig. 5(a)-(c)
shows the O, and CO, concentration (dry basis) exiting from the
fuel- and air-reactors as a function of the fuel-reactor temperature,
the coal feeding rate and the solids circulation flow rate, respec-
tively.

The effect of the fuel-reactor temperature on the CO, and O,
concentration in the air- and fuel-reactors are shown in Fig. 5(a). On
the one hand, both O, and CO, concentrations from the fuel-reactor
slightly increased with the temperature. The oxygen concentration

Table 4
Main results for experimental tests in the continuous CLOU prototype ICB-CSIC-s1.

Test Combustion efficiency Carbon capture efficiency
CLOUO1 100 96.0
CLOUO02 100 97.3
CLOUO03 100 99.1
CLOUO4 100 99.3
CLOUO5 100 97.8
CLOUO6 100 97.9
CLOUO07 100 97.8
CLOUO08 100 98.1
CLOU09 100 97.5
CLOU10 100 97.5
CLOU11 100 97.1
CLOU12 100 94.7
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was slightly lower than the equilibrium concentration, likely due
to O, reaction in the freeboard with char particles or un-burnt
gases. This fact was in contrast to the O, equilibrium concentra-
tion observed when coal was not fed to the reactor (t<17 min). On
the other hand, CO, concentration in the air-reactor decreased as
the fuel-reactor temperature increased. This fact indicates that the
amount of char transferred to the air-reactor decreased with the
fuel-reactor temperature because of the higher char combustion
rates present in fuel-reactor. However, the oxygen concentration in
the air-reactor decreased with the fuel-reactor temperature. This
fact is evident if it is considered that in addition to the oxygen used
to burn coal, which is constant, also oxygen is released from the
fuel-reactor. The decrease observed in O, concentration from the
air-reactor was due to a higher CuO conversion in the fuel-reactor
when increasing the fuel-reactor temperature, as more gaseous
oxygen is released.

The effects of the coal feeding rate on the concentration of gases
are shown in Fig. 5(b). In this case, it is observed an important CO,
concentration increase in fuel-reactor with the coal feeding rate,
and the oxygen concentration in the air-reactor decreases corre-
spondingly to the increase in the oxygen demanded by the coal
fed. The oxygen concentration in the fuel-reactor decreases as the
coal feeding rate increases. Nevertheless, the oxygen-carrier shows
high enough rate of oxygen generation to burn all the coal in all
cases and still gives an excess of gaseous oxygen. Thus, the oxygen-
carrier reactivity did not limit the O, concentration release. Likely,
the decrease in the oxygen concentration observed was due to a
higher amount of oxygen reacting in the freeboard. If the oxygen
concentration at the fuel-reactor outlet was constrained by the
rate of oxygen generation of the oxygen-carrier, a sharp decrease
in the oxygen concentration until values close to zero should be
observed as the coal feeding rate was increased (Adanez-Rubio
et al., submitted for publication-b).

In the last series of experiments, it was studied the effect of
the solids circulation flow rate on the process performance. Solids
circulation flow rates from 3.7 to 13.9 kg/h were used, correspond-
ing to ¢ values from 1.1 to 4.0, and the fuel-reactor temperature

was 900 °C. The stoichiometric flow of solids to supply the oxygen
needed to burn the coal was 3.5 kg/h. Thus the solids circulation rate
was maintained above the stoichiometric flow of solids, although
values close to the stoichiometric flow were used in test CLOU10,
where the oxygen-carrier to fuel ratio was 1.1. Fig. 5(c) shows the
0, and CO, concentration obtained in the fuel- and air-reactors
with different solids circulation flow rates. CO, concentration in
the fuel-reactor decreased with the circulation rate with the cor-
responding increase in the CO, concentration in the air-reactor. In
spite of the low ¢ ratio used in this experiment, no unburnt gases
were detected. In all cases, H,0, CO, and O, were observed as the
only product gases from the fuel-reactor. Minor variation in the
concentration of gases was observed when the oxygen-carrier flow
rates change.

Fig. 6(a)-(c) shows the variation of solids conversion as a func-
tion of the fuel-reactor temperature, coal feeding rate and solids
circulation flow rate, respectively. The molar flow of CO, exiting
from the fuel-reactor is also shown in these Figures.

Fig. 6(a) shows that the increase in the fuel-reactor temper-
ature produced an increase in the CO, flow at the outlet of the
fuel-reactor. Moreover, as higher is O, concentration and more
char is burning in the fuel-reactor, the variation of solids conver-
sion slightly increases with fuel-reactor temperature. Although, the
variation of solids conversion in the fuel-reactor was very high,
~80% in all cases, there were not problems with the fluidization
behaviour.

Fig. 6(b) shows the CO, molar flow from the fuel-reactor and
the oxygen-carrier conversion as a function of coal feeding rate. In
all cases the ratio of oxygen-carrier to fuel is above the stoichio-
metric value. At these conditions, there was an excess of oxygen
in the circulating solids and the coal combustion was not limited
by the availability of reactant. As expected, the CO, flow from fuel-
reactor increased with the coal feeding rate because more fuel is
burnt. Also, more oxygen is transferred between the two reactors,
as it is indicated by the increase of the variation of solids conver-
sion between 23 and 90%. The highest coal feeding rate tested was
0.256 kg/h (test CLOU09). The solids inventory in the fuel-reactor at
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Fig. 6. Variation of the oxygen-carrier conversion (A) and flow of CO, exiting from the fuel-reactor (®) at different (a) fuel-reactor temperatures, (b) coal feeding rates, and

(c) solids circulation flow rate.

this condition was 235 kg/MW,,. At this condition, oxygen-carrier
particles were elutriated from the fuel-reactor because the high
amount of gases generated in the bed. Nevertheless, during the
short time of stable operation (about 15 min) full conversion of coal
to CO, and H,0 was observed, unburnt gases were not detected and
there was an excess of O, present. Unfortunately, the growth up of
gas velocity in the bed prevented to work with larger coal feed-
ing rates, although the Cu60MgAl oxygen-carrier would be able to
supply the oxygen demanded by coal.

Fig. 7 shows the rate of oxygen generation, defined in Eq. (19),
by Cu60MgAl oxygen-carrier as a function of the coal feeding rate,
corresponding to the flows of CO,, H,O and O, exiting from the
fuel-reactor. It can be seen that the oxygen transferred increases
proportionally to the increase in the coal feeding rate. The upper
limit for the oxygen generation rate using Cu60MgAl oxygen-
carrier was not reached in the CLOU facility, although a low solid
inventory was used (235 kg/MWy, ). This confirms the statement
made that in this system the oxygen evolved in the fuel-reactor
is not limited by the reaction rate of oxygen-carrier, but for the
demand of oxygen by coal.

As a consequence, limited effect on the oxygen generation
rate, i.e. the sum of O, and CO, flows, was observed when the
temperature or the solids circulation flow rate (Fig. 6(c)) was
varied, even though the variation of the solids conversion was as
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Fig. 7. Rate of oxygen transferred by Cu60MgAl oxygen-carrier as a function of the
coal feeding rate and the oxygen-carrier inventory.

high as 0.92. Thus, high reactivity of the oxygen-carrier was found
in a wide range of variation of the solids conversion.

Fig. 8(a)-(c) shows the carbon capture efficiency, char conver-
sion and the combustion efficiency as a function of the fuel-reactor
temperature, the coal feeding rate and the solids circulation flow
rate. Complete combustion to CO, and H, O of the coal was observed
either in the fuel-reactor or the air-reactor, i.e. ¢omp = 100%. How-
ever, the char conversion in the fuel-reactor determines the carbon
capture efficiency in the CLOU system by the undesirable CO, emis-
sions in the air-reactor outlet.

It can be seen that high values of CO, capture efficiency were
obtained in all cases. It is noteworthy the positive effect of fuel-
reactor temperature on the CO, capture efficiency, see Fig. 8(a).
Thus, when the fuel-reactor temperature was 960 °C, 99% of carbon
in coal is captured, i.e. only 1% of carbon is exiting in the air-reactor
outlet gas stream. The reason for this high CO, capture efficiency is
a fast conversion of char in the fuel-reactor by combustion with
gaseous oxygen. Fig. 8(a) also shows values of char conversion
above 96%, which increases with the temperature. In that sense,
the CO, flow from the air-reactor decreased with the fuel-reactor
temperature because more char is burned in the fuel-reactor. There
is a lower char concentration in fuel-reactor due to the higher char
combustion rates and a lower amount of carbon is transferred to
the air-reactor.

The fuel load had no relevant effect on the CO, capture effi-
ciency; see Fig. 8(b). Since the circulation rate and the temperature
are kept constant and there is an oxygen excess in all cases, the
resulting CO, capture efficiency for the different coal feeding rates
does not change substantially. Thus, at the conditions used in the
CLOU system, the oxygen generated in the fuel-reactor was not lim-
ited by the reactivity of this oxygen-carrier, i.e. the more oxygen is
demanded, more oxygen is supplied.

Finally, Fig. 8(c) shows that an increase in the solids circulation
flow causes a decrease in the char conversion and in the CO, cap-
ture efficiency. This result for CLOU with solid fuels is opposite to
the trend found for CLC with gaseous fuels, for which it was found
that higher solids circulation rate leads to better performance of
the system (Adanez et al., 2011). For gaseous fuels the determining
factor is to have oxygen available to fully oxidize the fuel, whereas
for solid fuels more factors come into consideration. The fact that
there must be enough residence time for char combustion deter-
mines this resulting trend for solid fuels in this facility. Therefore,
the negative effect of the solids circulation rate on the char conver-
sion was due to the decrease in the residence time of solids in the
fuel-reactor.

Both char and oxygen-carrier conversions were plotted in Fig. 9
against mean residence time in the fuel-reactor. Obviously, the
greater is the residence time in the fuel-reactor, which is inversely
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proportional to the solids circulation flow rate, the higher are the
oxygen-carrier and char conversion. Aresidence time above 300 s is
needed to get a char conversion about 97% at 900 °C with this coal.
Notice that the mean residence time to convert a certain fraction
of char will decrease when the fuel-reactor temperature increases.
Thus, a char conversion of 99% was obtained of 960 °C with a resi-
dence time of 470s.

4. Discussion
4.1. Operating temperature in the reactors

The operating temperature in each reactor is a key parameter in
the CLOU process, since the oxygen concentration at equilibrium
condition is highly dependent on temperature.

When fuel-reactor temperature increases, carbon capture and
char conversion also increase. This is due to a faster combus-
tion rate of char at higher temperatures together with a high
equilibrium partial pressure of oxygen by oxygen-carrier. Thus,
an equilibrium concentration of 1.5vol% O, can be reached in
the fuel-reactor at 900°C for CuO/Cu,0 system, whereas the
equilibrium concentration increases up to 12.4vol% at 1000°C. In
addition, the consumption of oxygen by combustion of the fuel
improves the decomposition reaction of the metal oxide particles.

In order to optimize the power plant efficiency it is important
to keep the outlet partial pressure of O, from the air-reactor as low

as possible while combustion products are only CO, and H,O. This
concentration will depend on the oxygen-carrier reactivity for oxi-
dation reaction and the O, equilibrium concentration with CuO at
the actual air-reactor temperature. In the air-reactor, CuO is stable
below 950 °C if the maximum oxygen concentration from the air-
reactor is 4.5 vol%, whereas will be stable below 900 °C at 1.5 vol%.
Thus, the use of O, in air is higher as the temperature is lower. This
is the reason for fixing the air-reactor temperature at 900 °C during
the experimental work.

It is clear that the air- and fuel-reactor temperatures in the
process must be adjusted according with the thermodynamic equi-
librium and reaction kinetics in order to optimize the process. In
fact, reaction kinetics of CuO decomposition (reaction (5)) could
be more relevant than the oxygen concentration at equilibrium
conditions in the fuel-reactor.

The high temperature dependency of the oxygen concentra-
tion in the CLOU process makes the thermal integration between
fuel-reactor and air-reactor a key aspect in the development of the
technology. According to the energy balance to the CLOU system,
it was thought that to reach the thermal integration in the CLOU
system, the fuel-reactor temperature should be higher than air-
reactor temperature (Eyring et al., 2011; Mattisson et al., 2009a).
As example, Eyring et al. (2011) showed a design of a CLOU sys-
tem where the air-reactor was at 850°C and the fuel-reactor was
at 950°C. Thus, high temperatures, near 950 °C, in the fuel-reactor
allow a better combustion and an increase in the carbon capture
efficiency, because there is more oxygen to burn the fuel. A lower
temperature in the air-reactor allows a high oxidation reactionrate.
This is due to the oxidation reactionrate is carried out with the driv-
ing force of the difference between the inlet oxygen concentration
(21 vol% in this case) and the oxygen concentration at equilibrium
(1.5vol% at 900°C). Nevertheless, in this work it has been shown
that it is possible to work with both fuel- and air-reactors, at the
same temperature (900 °C), keeping fuel combustion in the CLOU
system. Even uncoupling behaviour was demonstrated to work
at fuel-reactor temperature lower than air-reactor temperature
(Adanez-Rubio et al., submitted for publication-a). This fact permits
to increase the degree of freedom in the design of a CLOU sys-
tem. For example, the required energy extraction from the air- and
fuel-reactors can be fitted to obtain desired temperatures in both
reactors (Eyring et al., 2011).

4.2. Performance of the CLOU system

From results showed in this work during CLOU operation, char
conversions from 96 to 99% were obtained in the fuel-reactor
with losses from 4 to 1% of carbon in the air-reactor as CO,. No
un-burnt gases were observed, being the combustion efficiency
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in the fuel-reactor 100% using Cu60MgAl as oxygen-carrier. In all
CLOU tests, coal was fully converted either or in the fuel-reactor
or in the air-reactor. A carbon capture of 97.5% was reached using
an oxygen-carrier inventory in the fuel-reactor of ~235 kg/MWy,.
Likely, a lower inventory of solids could be used in the plant reach-
ing also full conversion of fuel to CO, and H,0. However, at the
highest coal load, the gases generated during combustion in the
fuel-reactor caused an increase in the gas velocity (3-4 times the
inlet velocity), which was responsible of particle elutriation from
the bed. To make possible to operate at high velocity a design of the
fuel-reactor as a circulating fluidized bed itself can be used.

Some gas phase oxygen was present together with the CO,
stream, which should be treated in a similar way that in the exhaust
gases in an oxyfuel system. It should be desirable to get low con-
centration of oxygen from the fuel-reactor in order to obtain a
high purity CO, stream. It must be considered in the CLOU process
that two different reactions take place in the fuel-reactor, namely
the reaction rate of oxygen release by the oxygen-carrier and the
combustion rate of the fuel, and the relation between must be con-
sidered. Thus, the CLOU system must be designed having enough
amount of oxygen-carrier to release oxygen to burn the fuel, and
high enough amount of solid fuel to avoid an excess of oxygen in
the outlet stream from the fuel-reactor. The optimum oxygen con-
centration in the fuel-reactor will be a compromise between the
0, generation by the oxygen-carrier and the oxygen consumption
by the fuel. Thus, it has been showed in this work that increasing
the coal feeding the oxygen concentration approach to zero, while
the good performance of the system is not modified. This situation
can be beneficial in order to obtain a CO, stream with low oxygen
concentration.

A comparison between the CLOU process and the CLC with coal
using Fe-based oxygen-carrier can be done. In the CLC with coal,
char is gasified by steam and/or CO; in the fuel-reactor. Cuadrat
etal.(2011)showed that in the same ICB-CSIC-s1 facility a char con-
version of 80% and a combustion efficiency of 96% were obtained
with ilmenite inventory of about 1800 kg/MW;, at temperature of
950°C. The fuel was the same Colombian coal, but ilmenite does
not have oxygen uncoupling properties. So, the char was converted
by steam gasification in the fuel-reactor. An oxygen polishing step
has been proposed (Berguerand and Lyngfelt, 2008, 2009) to con-
vert the un-burnt gases in the fuel-reactor outlet stream, which
demands from 5 to 10% of total oxygen required for coal combus-
tion.

Rates of char conversion per unit of carbon mass in char can be
used to carry out a comparison between both CLC options with solid
fuels. The fractional conversion rate of the char, (—r¢), depends on
the char conversion in the fuel-rector and the mean residence time
of char particles in this reactor, T.,.. The rate of char conversion
was calculated as follow:

_ Xchar
(1) = (25)

Tchar 1S Telated with the mean residence time of solids in the fuel-
reactor with the following equation:

Tchar = TFR * (1 _Xchar) (26)

The flow of carbon exiting from the fuel-reactor is equal to carbon
entering to air-reactor, which is emitted as CO, in the air-reactor.

Fig. 10 shows the fractional conversion rate of the char calcu-
lated with this simplified model as a function of the fuel-reactor
temperature with CLOU process. As expected, it can be seen that
char conversion rate increases with temperature. Char conversion
rates are 60 times faster than those obtained by Cuadratetal.(2011)
using ilmenite for chemical-looping combustion of coal were found.
Experiments carried out at 900 °C showed that the char conversion
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Fig. 10. Fractional conversion rate of char for CuOMgAl (®) and ilmenite (A) as
a function of fuel-reactor temperature. Data obtained with ilmenite taken from
(Cuadrat et al., 2011).

rate remained constant with increasing mean residence times of
the char in the fuel-reactor.

The main reason for this important difference in the carbon cap-
ture performance between CLC with coal and CLOU is the different
way which char is converted. In CLC with coal, char is converted
through gasification by H,O and/or CO, which is slower than
combustion with O, happening in the CLOU process. As the char
conversion is fast for the CLOU process, the carbon capture effi-
ciency was high with the Colombia “El Cerrejon” coal: above 97% in
all cases, and reached 99% at the higher temperature tested (960 °C).
Nevertheless, values somewhat lower could be obtained if less reac-
tive coals were used as fuel. If required, a system to separate chars
from oxygen-carrier particles in the exiting stream of solids from
the fuel-reactor could be used, e.g. a carbon stripper. Nevertheless,
the amount of unconverted char recovered by the carbon stripper
in the CLOU will be always lower than in CLC with coal.

The combustion efficiency in CLOU and CLC process could be
influenced by the differences in contact between the volatiles
evolved from the solid fuel and the oxygen in the form of gaseous
0, in CLOU or metal oxide in CLC. Thus, volatiles must diffuse to
emulsion phase to react with the oxygen-carrier in the CLC with
solids fuels. In this case, the gas—solid contact efficiency is low. On
the contrary, in the CLOU process, gaseous oxygen is evolved in
emulsion, and must mix with volatiles as in common fluidized bed
combustion. It seems that this process is more effective oxidizing
volatile compounds.

In short, very good behaviour during coal combustion has been
showed by the CLOU process. Carbon capture efficiency can be close
to 100% and full combustion of fuel to CO, and H,O was obtained,
which avoids the need of an oxygen polishing step downstream.

5. Conclusions

Coal Combustion in a continuous 1.5 kW, CLOU unit system
was carried out during 18 h with combustion of coal and 30 h of hot
fluidization operation, using an oxygen-carrier prepared by spray
drying with 60 wt.% of CuO and MgAl, 04 as inert. The effect of oper-
ating conditions - such as temperature of the fuel-reactor, solids
circulation rate and the coal feeding rate — on the carbon capture
efficiency, and the combustion efficiency were investigated.

It was stated that no special measures must be taken because
the complete combustion of fuel and high carbon capture efficiency
measured. In all cases, unburnt compounds were not present in the
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fuel-reactor outlet, being CO, and H,O the only products of com-
bustion even if the oxygen-carrier particles were highly converted.
Thus, the CLOU process should not require special measures such
as an oxygen polishing step. In all cases, oxygen was found together
with CO; in the gaseous stream from the fuel-reactor. The oxygen
concentration from the fuel-reactor increased with the tempera-
ture of the fuel-reactor. At higher fuel-reactor temperatures, the
capability of Cu60MgAl particles to release oxygen is enhanced
by increases in the temperature of the fuel-reactor because the
increase of the oxygen concentration at equilibrium conditions. To
decrease the fraction of O, in the CO, stream the solid inventory
must be optimized. The carbon capture efficiency depended of the
fuel-reactor temperature ranging form 97% at 900°C to 99.3% at
960 °C. Fast conversion of char was evidenced and increased with
temperature. The rate of char conversion was as high as 33%/s at
960°C.

Not significant effect on the CO, capture efficiency was observed
varying the carbon feeding rate, which affects the calculated solid
inventory. Even, at the lowest solids inventory in the fuel-reactor
(240 kg/MWy;,) full combustion of coal was observed. The maxi-
mum capability of the oxygen-carrier to produce oxygen was not
reached during operation. Therefore, lower solid inventories would
be needed to obtain full conversion of fuel.

An increase of solid circulation rate produced a decrease in the
mean residence time of solids in the fuel-reactor, which slightly
decreased the char conversion and the efficiency of carbon capture.
A residence time above 300s is needed to get a char conversion of
about 97% at 900 °C with this coal.

The results obtained in this work demonstrated the proof of
the concept of CLOU process for coal combustion using a Cu-based
oxygen-carrier and important conclusions for the scale-up of the
CLOU process were obtained.
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ABSTRACT

Chemical-looping with oxygen uncoupling (CLOU) process is a chemical-looping combustion (CLC) tech-
nology that allows the combustion of solid fuels using oxygen carriers with inherent CO, separation. The
oxygen necessary for the fuel combustion is supplied by a solid oxygen carrier, which contains a metal
oxide. The oxygen carrier circulates between two interconnected fluidized reactors: the fuel and the air
reactor. In the CLOU process, the oxygen carrier releases gaseous oxygen in the fuel reactor which burns
coal as in common combustion with air, so the CO, generated is undiluted with N,. The reduced oxygen
carrier is oxidized by air to the initial metal oxide in the air reactor, then being ready to start a new cycle.
The aim of this work is to study the performance of the CLOU process using coals of different rank. Exper-
iments were carried out in a continuously operated 1.5 kWy, unit. Particles prepared by spray drying
containing 60 wt% CuO were used as oxygen carrier. Four coals of different rank (anthracite, low volatile
bituminous, medium volatile bituminous and lignite) were used as fuel. Besides, the temperature in the
fuel reactor was varied between 900 and 950 °C. In all the experiments there was complete combustion
of the coal to CO, and H,0, without any unburnt product. The carbon capture efficiency greatly depends
on the coal rank and fuel reactor temperature. High carbon capture efficiencies were obtained for lignite
and medium volatile bituminous coals. The maximum capture efficiency was 99.3% at 950 °C with lignite.
The analysis of the experimental results was used to evaluate the effect of the coal rank in a CLOU sys-
tem when a carbon separation system is included. At 925 °C, the solid inventory needed to reach 95% of
CO; capture efficiency with a carbon separation system of 90% of efficiency is 45 kg/MW,;, using lignite,
85 kg/MWy, using MV bituminous, 140 kg/MWy, using LV bituminous and 490 kg/MW;, using anthracite.
It must be pointed out the low solid inventories needed in the CLOU process for the different coal rank
analyzed in this work.

© 2012 Elsevier Ltd. All rights reserved.

1. Introduction

oxygen carrier. Thus no energy is expended for the CO, separa-
tion. The CLC process has been demonstrated for combustion of

According to the IPCC report on mitigation of climate change
(IPCC, 2005), in order to stabilize CO, concentration in the atmo-
sphere carbon capture and storage (CCS) would contribute with
15-55% to the cumulative mitigation effort worldwide until 2100.
CCSis a process involving the separation of CO, emitted by industry
and energy-related sources, and its storage for isolation from the
atmosphere over a long term. chemical-looping combustion pro-
cess (CLC) has been suggested among the best alternatives to reduce
the economic cost of CO, capture (Kerr, 2005) and to reduce energy
penalty compared with other CO, capture process (Kvamsdal et al.,
2007). In this process, CO; is inherently separated from other com-
bustion products, N, and unused O,, through the use of a solid

* Corresponding author.
E-mail address: abad@icb.csic.es (A. Abad).

1750-5836/$ - see front matter © 2012 Elsevier Ltd. All rights reserved.
http://dx.doi.org/10.1016/j.ijggc.2012.11.025

gaseous fuels such as natural gas or syngas in 10-140 kW, units
using oxygen carrier materials based on Ni (Linderholm et al., 2009;
Kolbitsch et al., 2009; Ryu et al., 2010), Cu (Adanez et al., 2006) and
Fe (Proll et al., 2009). All these oxygen carriers have been reviewed
by Adanez et al. (2012).

However, for energy generation is highly relevant the direct use
of solid fuels in the CLC concept because solid fuels are consid-
erably more abundant and less expensive than natural gas. In the
chemical-looping combustion with solid fuels, the fuel is physically
mixed with the oxygen carrier in the fuel reactor. The in situ gasifi-
cation of the solid fuel, e.g. coal, biomass or solid wastes, has been
proposed using steam or CO, as gasification agent (Cao and Pan,
2006; Scott et al., 2006). This process has been demonstrated in
units of 10 kWy, with coal or biomass (Berguerand and Lyngfelt,
2008; Shen et al., 2009). The limitation in the solid fuel conversion
in the CLC with solid fuels comes from the slow gasification process
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Nomenclature

Symbols

F; molar flow of compound i (mol/s)

fc mass fraction of carbon in coal

fefix mass fraction of fix carbon in coal

fewol mass fraction of carbon in volatiles

fi mass fraction in coal of element or compound i

M; atomic or molecular weigh of i elements or com-
pound (kg/mol)

m mass of the sample at each time in TGA (kg)

my initial mass of char in TGA (kg)

Mysh mass of ash remaining after full combustion in TGA
(kg)

Meoal mass-based flow of coal fed-in to the fuel reactor
(kg/s)

Moc solids circulation rate (kg/s)

Mox mass of the oxygen carrier sample fully oxidized (kg)

Myed mass of the oxygen carrier sample fully reduced (kg)

MsFR mass of solids in the fuel reactor (kg)

Roc oxygen transport capability

(=r¢)  fractional conversion rate of the char (s~1)

Tchar mean residence time of char particles in the fuel
reactor (s)

TFR mean residence time of solids in the fuel reactor (s)

Xchar char conversion

Yiousrr  Molar fraction of the gas i exiting from the fuel reac-
tor
Yiourar Molar fraction of the gasiexiting from the air reactor

Greek letters

Tcc carbon capture efficiency

Neombpr Combustion efficiency in the fuel reactor

ncss efficiency of the carbon separation system

A air excess ratio

¢ oxygen carrier to fuel ratio

2coal stoichiometric mass of O, to convert 1kg of coal
(kg/kg)

Subscripts

AR air reactor

BET Brunauer-Emmett-Teller

CLC chemical-looping combustion

CLOU  chemical-looping with oxygen uncoupling

FR fuel reactor
inAR inlet stream from air reactor

inFR inlet stream from fuel reactor

IPCC Intergovernmental Panel on Climate Change
outAR  outlet stream from air reactor

outFR  outlet stream from fuel reactor

oC oxygen carrier

TGA thermogravimetric analyzer

XRD X-ray diffractometer

(Berguerand and Lyngfelt, 2008; Cuadrat et al., 2012a). To increase
the gasification rate, temperatures higher than 1000 °C has been
proposed (Berguerand and Lyngfelt, 2009).

To overcome the low reactivity of the char gasification step
in the direct solid fuelled chemical-looping combustion, an alter-
native process, chemical-looping with oxygen uncoupling (CLOU),
was recently proposed by Mattisson et al. (2009a). They made use
of the idea first proposed by Lewis and Gilliland (1954) to produce
CO, from solid carbonaceous fuels by using gaseous oxygen pro-
duced by the decomposition of CuO. chemical-looping with oxygen

uncoupling (CLOU) process is based on the strategy of using oxygen
carrier materials which release gaseous oxygen and thereby allow-
ing the solid fuel to burn with gas phase oxygen. These materials
can be also regenerated at high temperatures.

Fig. 1 shows a schematic diagram of a CLOU system. In the fuel
reactor the fuel conversion is produced by different reactions. First
the oxygen carrier releases oxygen according to:

ZMCXOy <~ 2MeXOy_1 +0, (1)

and the solid fuel begins to devolatilize producing a carbona-
ceous solid residue (char, mainly composed by carbon and ash) and
volatile matter as gas product:

Coal — volatilematter + char(C) (2)

Then, volatiles and char are burnt as in usual combustion with
gaseous oxygen according to reactions (3) and (4):

Volatilematter + O, — CO, +H;0 3)
Char(C) + 0, —» CO, (4)

After steam condensation, a pure CO, stream can be obtained
from the fuel reactor. The reduced oxygen carrier is transported to
the air reactor, where the oxygen carrier is regenerated to the initial
oxidation stage with the oxygen of the air, and being ready for a new
cycle. Ideally, the exit stream of the air reactor contains only N, and
unreacted O,. The heat release over the fuel and air reactors is the
same as for conventional combustion. Therefore CLOU process has
a low energy penalty for CO, separation and low CO, capture costs
are expected.

In the CLOU process, the slow gasification step on the direct solid
fuel CLCis avoided, giving a much faster solid conversion (Mattisson
etal., 2009b; Eyring et al.,2011; Abad et al., 2012). It was found that
the conversion rate of the solid fuel was increased by a factor of 45
for petroleum coke (Mattisson et al., 2009a) or by 60 for a bitumi-
nous coal (Abad et al., 2012) at CLOU conditions oxygen carriers in
comparison to those measured with oxygen carrier which do not
have oxygen uncoupling properties. Moreover, the combustion of
the fuel consumes the oxygen generated by the oxygen carrier and
improves the decomposition reaction of the metal oxide particles
(Adanez-Rubio et al., 2012a). As consequence, a solids inventory
in the fuel reactor between 120 and 200 kg/MW,;, were estimated
for CLOU process (Mattisson et al., 2009a; Eyring et al., 2011). A
minimum solids inventory was estimated by Adanez-Rubio et al.
(2012a) as low as 50 kg/MWy,;,. These solids inventories are much
lower than the ones required in a CLC system with solid fuels,
2000 kg/MWy,, for Fe-based particles (Leion et al., 2007; Cuadrat
etal.,, 2012b, c).

Thus, a special requirement is needed for the oxygen carrier to
be used in the CLOU process in comparison to oxygen carriers for
normal CLC, where the fuel reacts directly with the solid oxygen
carrier without any release of gas phase oxygen. Only those metal
oxides that have a suitable equilibrium partial pressure of oxy-
gen at temperatures of interest for combustion (800-1200°C) can
be used as oxygen carrier materials in the CLOU process. Besides,
this O, release must be reversible in order to oxidize the oxygen
carrier in the air reactor and regenerate the material. CuO/Cu,0,
Mn,03/Mn304, and Co304/Co0 have been identified as redox pairs
with capacity to evolve oxygen at high temperature (Mattisson
et al,, 2009a). Up to date, there are only a small number of works
in the literature for CLOU process dealing with the use of Cu- and
Mn-based materials.

Regarding the use of manganese oxides for CLOU process, sev-
eral Mn-based particles supported on Fe;03, NiO, SiO, or MgO and
a perovskite type material (CaMnyTi;_xO3) have been tested in a
batch fluidized bed at Chalmers University of Technology (Azimi
et al, 2011; Leion et al., 2009a; Shulman et al., 2009, 2011). Good
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Fig. 1. Schematic layout of the CLOU system.

oxygen uncoupling and mechanical properties, as well as high
reactivity with methane were showed for a Mn/Fe material and
perovskite type material. These two promising materials were fur-
ther tested in a continuous facility with methane as fuel (Rydén
etal., 2011a, b).

In general, Cu-based materials have faster release of oxygen than
Mn-based particles (Leion et al., 2009a). Preliminary experiments
in a batch fluidized-bed reactor were conducted using Cu-based
materials with Al,03 or ZrO, as supporting materials (Leion et al.,
2009b; Mattisson et al., 20093, b), and a high fractional conversion
rate of char was found for several carbonaceous materials, including
petcoke, coal or biomass. However, they found some defluidiza-
tion phenomena with Cu-based particles during some parts of the
experiments.

In the research group of ICB-CSIC, a screening study considering
25 different Cu-based oxygen carriers was done to select appropri-
ate materials for CLOU process (Adanez-Rubio et al., 2011; Gayan
etal., 2012). Particles prepared by different methods and using sev-
eral CuO contents and supporting materials were tested. Reactivity
of materials was analyzed in a TGA, whereas mechanical stability
and fluidization properties were studied in a batch fluidized bed.
Two promising Cu-based oxygen carriers prepared by pelletizing
by pressure (60 wt% CuO supported on MgAl,04, and 40 wt% CuO
supported on ZrO, ) were selected according to their high reactivity,
low attrition rate and avoidance of agglomeration during successive
redox cycles by alternating nitrogen and air.

After the screening tests, a batch of 60 wt% of CuO supported
on MgAl,04 was prepared by spray drying. The proof of the
concept of the CLOU process was demonstrated using this mate-
rial as oxygen carrier (Abad et al.,, 2012) burning a bituminous
coal in a 1.5kWy, continuously operated unit consisting of two
interconnected fluidized-bed reactors. The effects of fuel reactor
temperature, coal feeding rate, and solids circulation flow rate on
the combustion, and CO, capture efficiencies were investigated.
Fast oxygen generation rate by the oxygen carrier and full com-
bustion of coal was attained in the plant using a solids inventory
in the fuel reactor of 235 kg/MWy,. In conjunction, values close to
100% in carbon capture efficiency were obtained at 960 °C. An anal-
ysis about the evolution of physical and chemical characteristics of
this oxygen carrier with the operational time is summarized in a
previous work (Adanez-Rubio et al., 2012b).

Leion et al.(2009b) using six different solid fuels showed that the
differences in reactivity between solid fuels were more pronounced
in chemical-looping combustion than in CLOU process. This fact
was explained by the difference in the reaction paths between both
processes. In CLC, the limiting reaction is the slow gasification of the
fuel, whereas in CLOU the release of oxygen from the oxygen carrier
particle becomes rate limiting.

The aim of this work was to investigate the performance of the
CLOU process for different type of coals ranging from lignite to

anthracite. The effect of the coal rank and the fuel reactor temper-
ature on the combustion efficiency and carbon capture efficiency
was investigated in a continuously operated CLOU unit. The results
obtained are analyzed and discussed in order to be useful for the
scale-up of a CLOU process fuelled with coal.

2. Experimental
2.1. The Cu-based oxygen carrier

The oxygen carrier was a Cu-based material prepared by spray
drying. Oxygen carrier particles were manufactured by VITO (Flem-
ish Institute for Technological Research, Belgium) using MgAl,04
spinel (Baikowski, S30CR) and CuO (Panreac, PRS) as raw materi-
als. The CuO content was 60 wt%. The particles were calcined 24 h at
1100°C. The particle size of the oxygen carrier was +0.1 to 0.2 mm.
From now on, the oxygen carrier was named as Cu60MgAl. Table 1
shows the main properties of this material.

Physical and chemical characterization was carried out with
these particles. The copper content was determined by complete
reduction in TGA using 15 vol.% H, at 850 °C. The oxygen transport
capability, Roc, was calculated in TGA in nitrogen atmosphere as
Roc =(Mox — Myeq)/Mox, being mex the mass of fully oxidized par-
ticles and mgeq in the reduced form, i.e. when all CuO has been
reduced to Cu;O0. The crushing strength was determined by mea-
suring the force needed to fracture a particle using a Shimpo
FGN-5X crushing strength apparatus. The crushing strength was
taken as the average value of at least 20 measurements. The skele-
tal density, i.e. the density of solids excluding the pores, was
determined by He picnometry in a Micromeritics AccuPyc II 1340.
The surface area of the oxygen carrier was determined by the
Brunauer-Emmett-Teller (BET) method by adsorption/desorption
of nitrogen at 77K in a Micromeritics ASAP-2020 (Micromeritics
Instruments Inc.), whereas the pore volumes were measured by
Hg intrusion in a Quantachrome PoreMaster 33. The identification
of crystalline chemical species was carried out by powder X-ray
diffractometer Bruker AXS graphite monochromator.

Preliminary results showed that this material had adequate val-
ues of reactivity and oxygen transport capacity in fluidized-bed
conditions (Adanez-Rubio et al., 2012a). In tests carried out in a

Table 1
Properties of the oxygen carrier Cu60MgAl.
CuO content (Wt%) 60
Oxygen transport capacity, Roc (Wt%) 6
Crushing strength (N) 2.4
Skeletal density (kg/m?) 4600
Porosity (%) 16.1
Specific surface area, BET (m?/g) <0.5
XRD main phases CuO, MgAl, 04
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continuous CLOU unit burning coal with this material, high com-
bustion rate with complete combustion to CO, and H,O were
obtained using a low solids inventory in the fuel reactor (Abad et al.,
2012).

2.2. Coals

Four different coals were used for CLOU experiments with the
Cu60AIMg oxygen carrier. A lignite from Teruel basin (Spain), a
medium volatile bituminous coal from South Africa, a low volatile
bituminous coal from Checkia, and an anthracite from El Bierzo
(Spain) were used with the aim to cover a wide range of coals. Main
properties of selected coals (proximate and ultimate analysis and
LHV) are shown in Table 2. Note the high ash contents of lignite
(25.2%) and anthracite (31.6%) coals. The coal particle size used for
this study was +0.2 to 0.3 mm with all fuels.

2.3. TGA facility

A thermogravimetric analyzer (TGA) was used for the determi-
nation of the coal combustion reactivity. A detailed description of
the TGA can be found elsewhere (de Diego et al., 2004). The TGA
consisted of a quartz tube (24 mm i.d.) placed in a mobile furnace.
This furnace has two positions: upper position inside the reaction
zone, and a lower position outside the reaction zone. The method
developed by Adanez et al. (2001) was used to obtain the intrinsic
reactivity of coal combustion. Char was prepared for each coal in
the TGA. For char preparation, 5 mg of the corresponding coal were
well mixed in 45 g of silica sand and placed in a wire mesh bas-
ket inside the quartz reactor of the TGA at ambient temperature.
A N, flow of 25Ly/h was fed into the reactor. At the same time,
the furnace was heated to 900 °C, but in the lower position. When
the mass of the sample was stable, a quick heating was carried out
using the mobile furnace. A flash devolatilization of coal occurred,
in a similar way as in at CLOU unit. Devolatilization was carried out
at900 °Cduring 30s. After that, the coal sample was cooled to ambi-
ent temperature. The char reactivity was determined at 500 °Cin air
atmosphere using 25 Ly/h. Experimental conditions were selected
to avoid film gas transfer and internal diffusion resistances as much
as possible trying to obtain intrinsic reactivities.

2.4. ICB-CSIC-s1 unit for the CLOU process

A schematic view of the experimental set-up used is shown in
Fig. 2. The set-up was basically composed of two interconnected
fluidized-bed reactors - the air and fuel reactors - joined by a loop
seal in the lower and a riser for solids transport from the air reactor
to the fuel reactor. A cyclone recovers the solid entrained from the
riser. A solids valve controls the solids circulation flow rate in the
system. The reactors operate at slightly higher than atmospheric
pressure, taking into consideration the pressure drops in the beds
and pipes to stack. The fuel reactor (1) consisted of a bubbling flu-
idized bed with 50 mm of inner diameter and 200 mm bed height.
N, was used as fluidizing gas. N, instead CO, was used as fluidizing
gas in order to improve the accuracy for calculation of carbon burnt
in the fuel reactor. In a previous work it was determined that the
fluidization agent does not have any influence on the oxygen car-
rier behaviour (Adanez-Rubio et al., 2011; Gayan et al., 2012). The
gas flow was 186 Ly/h, corresponding to a gas velocity of 0.11 m/s
at 900°C. The minimum fluidizing velocities of the oxygen carrier
particles are 0.006 m/s for the smallest particle size and 0.023 m/s
for the biggest one while the terminal velocities of particles are
0.40 m/s and 1.45 m/s respectively.

Coal (9)wasfedinbyascrew feeder (10) at the bottom of the bed
just above the fuel reactor distributor plate in order to maximize
the time that the fuel and volatile matter are in contact with the

bed material. The screw feeder has two steps: the first one with
variable speed to control the coal flow rate, and the second one is
water cooled and it has high rotating velocity to avoid coal pyrolysis
inside the screw. A small N, flow (24 Ly/h) is introduced at the
beginning of the screw feeder to avoid any possible volatile reverse
flow.

The oxygen carrier is decomposed in the fuel reactor, evolving
gaseous oxygen to the surroundings. The oxygen burns the volatiles
and char proceeding from coal pyrolysis in the fuel reactor. Reduced
oxygen carrier particles overflowed into the air reactor through a
U-shaped fluidized bed loop seal (2) with 30 mm of inner diameter.
A N, flow of 60 Ly/h was introduced in the loop seal. Preliminary
experiments were carried out to observe the distribution of gas
fed in to the loop seal. In the experimental conditions used in this
work, the gas in the loop-seal was distributed approximated at 50%
in each reactor (air and fuel reactor).

The oxidation of the carrier took place in the air reactor (3),
being a bubbling fluidized bed with 80 mm of inner diameter and
100 mm bed height, and followed by a riser (4) with 30 mm of inner
diameter. The air flow was 1740Ly/h (g =0.40m/s). In addition,
a secondary air flow (240 Ly/h) was introduced at the top of the
bubbling bed to help particle entrainment through a riser. N, and
unreacted O, left the air reactor passing through a high-efficiency
cyclone (5) and a filter before the stack. The oxidized solid particles
recovered by the cyclone were sent to a solids reservoir (7), setting
the oxygen carrier ready to start a new cycle. The regenerated oxy-
gen carrier particles returned to the fuel reactor by gravity from
the solids reservoir through a solids valve (8) which controls the
flow rates of solids entering to the fuel reactor. A diverting solids
valve (6)located below the cyclone allowed the measurement of the
solids flow rates at any time. Therefore, this design allows us to con-
trol and to measure the solids circulation flow rate between both
reactors. The ash particles from char combustion were not recov-
ered by the cyclone and were collected in a filter down-stream.
Thus, ash particles were not accumulated in the system. The ashes
recovered in the filter closed the mass balance difference above
80% with regard to the amount of ash fed to the system. Further
investigation on oxygen carrier extracted from the diverting valve
(6) showed no presence of ash particles, confirming that ashes are
not accumulated in the system. Further investigation on oxygen
carrier extracted from the CLOU system showed little presence of
ash particles. Finally, it is worthy of consideration that leakage of
gas between both reactors was avoided by the presence of the U-
shaped loop seal (2) and the solids reservoir (7). Thus, the presence
of oxygen in the fuel reactor solely came from oxygen released by
reaction (1).

The total oxygen carrier inventory in the system was around
2.0kg, being about 0.5-0.6kg in the fuel reactor. The amount of
solids in the fuel reactor was calculated from pressure drop mea-
surements in the reactor for each test.

CO,, CO, H;, CHy, and O, were continuously analyzed at the
outlet stream from fuel reactor, whereas CO,, CO and O, were ana-
lyzed from the flue gases of the air reactor. Non-dispersive infrared
(NDIR) analyzers (Maihak S710/UNOR) were used for CO, CO,, and
CH4 concentration determination; a paramagnetic analyzer (Mai-
hak S710/OXOR-P) was used to determine O, concentration; and a
thermal conductivity detector (Maihak S710/THERMOR) was used
for H, concentration determination. In some selected experiments,
the tar amount present in fuel reactor product gas was determined
following the tar protocol (Simell et al., 2000), as well as higher C,,
C3 and C4 hydrocarbons were analyzed off-line by a gas chromato-
graph (HP5890 Series II).

Because of heat losses, the system is not auto-thermal and it
is heated up by means of various independent ovens to get inde-
pendent temperature control of the air reactor, fuel reactor, and
freeboard above the bed in the fuel reactor. During operation,
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Table 2

Properties of coals used in this work.

Anthracite Low volatile bituminous Medium volatile bituminous Lignite

Proximate analysis (wt%)
Moisture 1.0 2.0 42 12.6
Volatile matter 7.5 171 25.5 28.6
Fixed carbon 59.9 68.8 55.9 33.6
Ash 31.6 121 144 25.2
Ultimate analysis (wt%)
C 60.7 75.8 69.3 454
H 2.1 3.7 3.9 2.5
N 0.9 1.9 1.9 0.6
S 13 0.4 0.9 52
02 2.4 4.1 5.4 8.5
LHV (kJ/kg) 21,900 28,950 25,500 16,250
$2c0a1 (kg O2/kg coal) 1.8 2.2 2.0 1.2

2 Oxygen to balance.

temperatures in the bed and freeboard of the fuel reactor, air reac-
tor bed and riser were monitored as well as the pressure drops in
important locations of the system, such as the fuel reactor bed, the
air reactor bed and the loop seal. The temperature in the fuel reactor
was varied from 900 to 950 °C, whereas the freeboard temperature
was 900 °C. The temperature in the air reactor was maintained at
900°C.

In Table 3, a resume of the operational variables used in this
work for all coals is shown. The solids circulation rate was main-
tained at a mean value of 3-4 kg/h, whereas the coal feeding rate
was varied from 0.08 to 0.13 kg/h depending on the coal type. The
oxygen carrier to fuel ratio, ¢, was around 1.0-1.2. The oxygen car-
rier to fuel ratio was defined as the ratio of the oxygen transported

by the oxygen carrier to the oxygen demanded by coal for com-
plete combustion. A value of ¢ = 1 corresponds to the stoichiometric
flow of CuO needed to fully convert coal to CO, and H,O, being
CuO reduced to Cuy0. Thus, ¢ was calculated with the following
equation:

_ ;od:;oc (5)

coal’'tcoal
moc being the solids circulation flow rate in the completely oxi-
dized state and .y, the mass-based flow of coal fed in to the
reactor. £2.,, is the stoichiometric kg of oxygen to convert 1kg of
coal to CO, and H,O. This value was calculated from the proximate

-p Torch

Gas Analysis
0,, €0, CO

—— T OrCH

Gas Analysis

N, CO,

*| o, co, Co,H, CH,

1"
i Fuel
EE e
: 10
1.- Fuel Reactor, FR 7.- Solid reservoir
- - 4 2.- Loop Seal 8.- Solids control valve
1 3.- Air Reactor, AR 9.- Fuel feeding system
! 4.- Riser 10.- Screw feeders
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6.- Diverting solids valve 12.- Filter

Fig. 2. Schematic view of the ICB-CSIC-s1 unit for the CLOU process (1.5 kWy,).
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Table 3
Operational conditions during experimental work in ICB-CSIC-s1 unit.
Coal Tcoar(kg/h) fiicuo(kg/h) ¢ A Power(W) mer(kg/MWy,)
Anthracite 0.10 3.1 1.1 3.1 583 894
LV bituminous 0.10 3.7 1.0 2.7 805 709
MV bituminous 0.08 3.2 1.1 3.6 592 1003
Lignite 0.13 3.0 1.2 3.6 582 845

and ultimate analysis of coal, see Table 2, by using the following
equation:

| fc fu N s fo
Qcoal— (IVICJFO.ZSIVIH +O'5M7N+ﬁs - Mioz 'M02 (6)

fi being the mass fraction of the element i in coal.

Air flow into the air reactor was maintained constant for all
tests, always remaining in excess over the stoichiometric oxygen
demanded by the fuel. The air excess ratio, A, was defined in Eq.
(7), and the values for the experimental work were always above
1, and are shown in Table 3.

_ Oxygenflow  0.21F;Mo,
~ Oxygendemanded ~  £2.911Mcoal

(7

2.5. Data evaluation

Char reactivity was obtained in TGA tests from the weight vari-
ations during reaction with air as a function of time. The char
conversion was calculated as:

mop—m
mg — Mgsp

Xchar = (8)
being m the sample mass at each time, mg the char sample mass
fully devolatilized and mg, the ash remaining mass in the char after
reaction.

In the continuous CLOU unit, to analyze the confidence of the
results, a mass balance to oxygen and carbon was carried out using
the measurements of the gas stream coming from the air and fuel
reactors. The product gas flow in dry basis in the fuel reactor, Foyer,
was calculated as:

F, outFR

_ Finer
1 — (Yco,,0outFR + YC0,0utFR + YHy,0utFR + YCH,,0utFR +Y0,,0utFR)

9)

Finrr being the inlet flow to the fuel reactor, i.e. the sum of N, for
fluidizing, N, from loop seal and N, from the screw-feeder, and
Yioutrr the i gas concentration exiting from the fuel reactor in dry
basis.

The outlet gas flow from air reactor, Fyutag, Was calculated
through the introduced N,.

FN, inAR
1 - (¥0,0utAR + Y0, outAR)

FoutAR = (10)

Thus, the exiting flows of O, and CO, from the air and fuel reac-
tors can be easily calculated using the actual concentration of each
gas i.

Fi out = Yi,outFout (11)

Notice that nitrogen is used as fluidizing agent in the fuel reactor
during experimental work, thus CO, comes uniquely from the coal
combustion.

With the gas flows, a mass balance to carbon and oxygen was
done as:

Je - Meoal = Mc(Feo, outir + Feo,outfr -+ Fchy,outrr + Fcoyoutar)  (12)

Mo, (Fco,,outfr + Foy,outfr + 0.5Fco,outfR + 0.5FH,0,0utFR )gyrr

B (szo +fio

Meoal = Mo, [Fo, inar — (Fo,,0utAR + Fco,,outAR
MHZO MO ) 2 2 2 2

+0.5Fco outrr)] (13)

The water concentration was not measured. However, to con-
sider the oxygen exiting with H,O coming from oxidation of
hydrogen in the coal, it was assumed that water came both from
humidity and hydrogen content in coal.

fu . fao \ .
F =05+ m 14
H,O0,0utFR ( My MHZ o coal ( )

The evaluation of the CLOU performance with different coals
was carried out by studying the effect of the operational variables
on the carbon capture efficiency, the char conversion and the com-
bustion efficiency in the fuel reactor.

The carbon capture efficiency, 7¢c, was defined as the fraction of
carbon present in the coal which is at the outlet of fuel reactor. This
is the real carbon captured in the CLOU system, as the remaining
carbon exit as CO, exiting together with nitrogen at the air reactor
outlet.

Fco, outAR

Nec=1- (15)

Fco,,outfR + Fco,outfR + FcHy,outfR + Feo,,outar

The carbon capture efficiency depends on the conversion of char
in the fuel reactor, X, Its value was calculated considering that
the carbon contained in the fuel reactor comes from the carbon in
volatiles and carbon in char converted. Thus, the carbon from char
was the exiting carbon minus the flow of carbon in volatiles, Fcyo;:

Fco, outAr

Xepar = 1—
cnar Fco, outkR + Fcooutfr + FcHy outfR + Fco, outAR — Fevol
(16)

The molar flow of carbon contained in the volatile matter was cal-
culated as:

Fevol = (fc *f?\,/t[iz)mcoal (17)

fcsx being the fixed carbon given by coal analysis, see Table 2. Eq.
(17) assumes that the volatiles evolved in the fuel reactor are the
same as in a proximate analysis measurement.

The conversion of char in the fuel reactor was related to the tem-
perature and the mean residence time of solids in the fuel reactor,
TR, Which is calculated by the following equation:

Mg FR
TR = — (18)
Moc
ms rr being the mass of solids in the fuel reactor and riigc the solids
circulation rate between the air and fuel reactors.
The fractional conversion rate of the char, (-r¢), can be calcu-
lated from the values of the char conversion in the fuel reactor and
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the mean residence time of char particles in this reactor, T, The
fractional conversion rate of char was calculated as follows:

X har
(—r¢) =~ (19)
Tchar
Tchar 1S Telated to the mean residence time of solids in the fuel
reactor with the following equation:

Tchar = TFR * (] _Xchar) (20)

Finally, the combustion efficiency in the fuel reactor, ncomprr>
evaluates the combustion degree only to the fraction of coal con-
verted in the fuel reactor. The combustion efficiency in the fuel
reactor was calculated through the quotient between the oxygen
required to fully burn unconverted gases (CHg, CO and H;) and the
oxygen demanded for full combustion of the coal converted in the
fuel reactor. Therefore, the combustion efficiency in the fuel reactor
was calculated as:

4FcH, outfr + Fco,outfr + FHy,0utfR
2~Qcoalrh¢:0al - 2FC02,outAR

NeombfR = 1 — (21)

3. Results

To investigate the performance of the CLOU system for the com-
bustion of different coals, several tests under continuous operation
were carried out in the ICB-CSIC-s1 experimental rig. The Cu60MgAl
material was used as oxygen carrier. The effect of the coal rank
and the fuel reactor temperature on the combustion efficiency and
carbon capture efficiency was investigated. Thus, the fuel reactor
temperature was varied from 900 to 950 °C. A total of 40 h of oper-
ation were carried out. Similarly to that found in a previous work
(Adanez-Rubio et al., 2012b), both reactivity and oxygen transport
capacity of solids were maintained constant during the experimen-
tal work.

The gas composition of the exit gases of fuel and air reactor was
determined for every experimental condition. As example, Fig. 3
shows the concentration of gases (dry basis) measured as a func-
tion of the operating time for experiments carried out with lignite.
Several temperatures in the fuel reactor was tested, and at least
60 min was operated at constant temperature.

When temperature was varied, a transition period appeared
and stable combustion was reached usually in less than 10 min.
At steady state, the gas outlet concentration and temperature were
maintained uniform during the whole combustion time. The mass
balances for carbon and oxygen, see Egs. (12) and (13), were found
to be accurate. Thus, the loss of carbon by elutriation of char parti-
cles from the fuel reactor or carbon not recovered by cyclone was
negligible regarding the carbon balance in the system. Moreover,
when the oxygen transferred from the oxygen carrier to the fuel
was equal to the oxygen transferred from the air to the oxygen
carrier, the steady state was reached.

In all cases, no CHy, CO or H, were detected in the gases exiting
from the fuel reactor. The possible presence of tars or light hydro-
carbons was also analyzed. In addition, in the experiments done
at the lowest temperature for all the coals, tar measurements in
the fuel reactor were done using a tar protocol. The results showed
that there were not tars in the fuel reactor outlet flow, that is, no
hydrocarbons heavier than Cs. Also in these experiments, gas from
the outlet stream of fuel reactor was collected in bags and analyzed
with a gas chromatograph. The analysis proved that there were no
C,-C4 hydrocarbons in the gases. Thus, CO,, H,O and O, were the
only gases, together with N; introduced as fluidizing gas. Also, small
fractions of SO, and NO were present in the gases coming from sul-
phur and nitrogen present in the coal. However, these components
were not evaluated in this work.

Therefore, it was found that volatiles were fully converted into
CO, and H,O0 in the fuel reactor by reaction with the oxygen

released from the CuO decomposition. In addition, the oxygen
release rate was high enough to supply an excess of gaseous oxygen
(0,) exiting together with the combustion gases. Oxygen concen-
tration was close to thermodynamic equilibrium for each reactor
temperature, being the oxygen concentration at equilibrium con-
ditions 1.7% at 910°C, 2.4% at 925°C, 3.0% at 935°C and 4.2% at
950°C. As temperature was increased, more O, is released from
the fuel reactor according to equilibrium of CuO decomposition. On
the other hand, the O, concentration at the outlet of the air reac-
tor slightly decreased with temperature due to the oxygen carrier
comes more reduced from the fuel reactor because more oxygen
was released in the fuel reactor. Similar results were found with
the other fuels.

Fig. 4(a) shows the combustion and carbon capture efficiency
obtained for different coals as a function of the fuel reactor tem-
perature. Complete combustion in the fuel reactor of coal to CO,
and H,0 was found for all the operating conditions and coals. Note
the low solids inventory used in the CLOU system (see Table 3) com-
pared to CLC with coal, where about 1800 kg/MW,;, was necessary
to obtain a combustion efficiency of 96% (Cuadrat et al.,2011). How-
ever, the type of coal affected to the carbon capture efficiency. The
carbon capture efficiency decreased in the order lignite > medium
volatile bituminous >low volatile bituminous > anthracite. For all
coals, CO, capture increased with temperature, being this effect
more relevant for coals with low volatile matter content as
anthracite and LV bituminous coal. Similar carbon capture effi-
ciencies were obtained for lignite and medium volatile bituminous
coal at temperatures above 940 °C. In these cases, the carbon cap-
ture efficiency was above 99%, but lower values were obtained for
low volatile bituminous coal (90%) or anthracite (83%). This result
clearly indicates the need of a carbon separation system when low
reactive coals are used, to return unconverted char to the fuel reac-
tor. This system is similar to the proposed for CLC with solid fuels
(Cao and Pan, 2006). In this way it is possible to increase the char
conversion and to reduce the amount of char transferred to the air
reactor. The need of a carbon separation system will depend mainly
on the coal reactivity in combustion with oxygen.

CO, capture efficiencies are dependent on the carbon trans-
ferred from the fuel to the air reactor. As the all carbon in volatiles
were captured, the carbon capture depends on the unconverted
char in the fuel reactor, i.e. the char conversion, which in a CLOU
or a CLC system can be affected by the reactor temperature and
the solids circulation flow rate (Cuadrat et al., 2012d). Neverthe-
less, the solids flow rate was maintained constant for all the tests.
Fig. 4(b) shows the char conversion as a function of the fuel reactor
temperature for different coals. Similar trends to that found for the
CO, capture efficiency were found for different coals. Char conver-
sions increased when the temperature increased for all coals and
the increase was more effective for low rank coals.

The differences observed in char conversion among the different
fuel must be related with the intrinsic combustion reactivity of the
coals. Thus, reactivity of the coal chars was determined in TGA. Fig. 5
shows the char conversion versus time obtained in TGA using air at
500°C for the different fuels used in this study. It can be observed
that lignite char is the most reactive which is attributed to the low
amount of fixed carbon and high amount of oxygen. The reactivity
of LV bituminous and anthracite are very similar and lower than
MV bituminous and lignite. Thus, chars from LV bituminous coal
and anthracite need elevated reaction times to reach a high con-
version. Besides, the reactivity of the different fuels in TGA explains
the tendency of the CO, capture efficiency and the char conversion
measured in the continuous CLOU unit. Thus, the highest CO, cap-
ture efficiency was measured with the most reactive fuel, i.e. the
lignite. However, the TGA reactivity for anthracite and LV bitumi-
nous char were similar, and the char conversion measured in the
continuous CLOU unit of these coals was different.
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Fig. 3. Evolution of the gas composition in the air and fuel reactor as temperature in the fuel reactor was varied. Coal: lignite, ri.o, = 0.13 kg/h.
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Fig.4. (a) Combustion efficiency in the fuel reactor and carbon capture efficiency and (b) char conversion, as a function of the fuel reactor temperature obtained with different

coals.

Fractional conversion rate of char per unit of carbon mass in
char can be used to carry out a comparison between the different
coals, because char conversion in the fuel reactor depends directly
of this rate. Fig. 6 shows the fractional conversion rate of char as
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Fig. 5. Conversion vs. time curves for combustion in air at 500 °C of char from the
coals used in this work.

a function of temperature calculated using Eq. (19) for the four
coals used in the CLOU unit. As expected, the fractional conversion
rate of char increases with temperature. The differences between
fractional conversion rates showed in Fig. 6 for the different fuels
are lower than the difference in reactivity measured in the TGA.
It is necessary to consider that at the operating conditions used
in the CLOU unit, the reaction rates are in a reaction regime II for
porous solids (Walker et al., 1968), that is, the effect of char reac-
tivity is smoothed by the mixed control of the diffusion and kinetic
rates.

4. Discussion

With the results obtained in the continuous CLOU unit, an opti-
mization of the CLOU process has been carried out to maximize the
CO, capture efficiency with the minimum solid inventory. Thus,
the carbon capture efficiency was analyzed as a function of the
fractional conversion rate of char of the different coals (Cuadrat
et al.,, 2012b). The effect of using a carbon separation system is also
analyzed in this section.

As carbon capture efficiency depends on the char conversion in
the fuel reactor, a carbon separation system can be used to improve
the char conversion and carbon capture in the system. This system
allows the separation of char from the oxygen carrier by fluidized
bed selective entrainment. In this way the char is transported to
the fuel reactor to improve the char conversion, whereas oxygen
carrier particles sent to the air reactor.
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Fig. 6. Fractional conversion rate of char for the four different fuels: lignite (-v-),
medium volatile bituminous (-a-), low volatile bituminous (-M-) and anthracite
(-4-), as a function of fuel reactor temperature.

Considering a carbon separation system, char conversion can be
calculated as a function of the carbon separation system efficiency
as follows (Cuadrat et al., 2012b):

Moc(1 — ncss)
(=rc) - mspr + oc(1 — ncss)

where s is the oxygen carrier flow rate, nccs is the carbon separa-
tion system efficiency, (-rc) the fractional conversion rate of char
and mrr the mass of oxygen carrier in the fuel reactor. The car-
bon capture efficiency is related to the char conversion with the
following equation:

Xchar =1- (22)

vaol fC char
cc = e X —
7 fe fe char fe fe

Using Eqs. (22) and (23), it is possible to analyze the effect of the
oxygen carrier inventory and the efficiency of carbon separation
system on char conversion and carbon capture efficiency in the
system, once the value of (- r¢) is known.

Fig. 7(a)-(c) shows the char conversion as a function of the fuel
reactor inventory for lignite when a carbon separation system with

_ fC _fC,ﬁx + fC,ﬁxX

char

(23)

different efficiency (nccs =0, 50 and 90%) is considered at 909 (a),
935 (b) and 950°C (c). In this analysis, the residence time of solids
was maximized by operating at a value of the oxygen carrier to fuel
ratio, ¢ =1.1 (Cuadrat et al., 2012c). Namely, the solid circulation
flow rate per MWy, of fuel was fixed for every coal. As it can be
seen in Fig. 7(a), if the carbon separation system efficiency (nccs) is
given, the char conversion increases with the oxygen carrier inven-
tory due to the increase of the residence time of solids in the fuel
reactor. For the same reason, if nccs increases more char returns
to the fuel reactor increasing its residence time. As a consequence,
the char conversion increases with 7ccs. The effect of carbon sepa-
ration system was very high especially at the lower temperatures
and lower oxygen carrier inventories in the fuel reactor.

It is possible to calculate the carbon capture efficiencies in the
CLOU process by using Eq. (23). Fig. 8(a)-(c) shows the carbon
capture efficiency as a function of the fuel reactor inventory for
lignite when a carbon separation system with different efficien-
cies (nccs=0, 50 and 90%) is considered at 909 (a), 935 (b) and
950°C (c). Carbon capture efficiency increases with the fuel reactor
inventory for a fixed carbon separation system efficiency, due to
the increase of the char conversion. As can be seen in the figures,
the effect of carbon separation system was very high especially at
the lower temperatures and lower oxygen carrier inventories in the
fuel reactor.

Same trends were found for the different coals used in this
work although values were dependent on coal reactivity which
was related with the coal rank. With low reactivity coals higher
oxygen carrier inventories were needed to obtain the same carbon
capture efficiency using a carbon separation system with the same
efficiency, nccs.

Fig. 9 shows the minimum fuel reactor inventory necessary
to reach a carbon capture efficiency of 95% as a function of the
temperature a carbon separation system with 7css =90% was also
included with all different coals. Important differences were found
depending on the coal rank. Lignite and MV bituminous, have a
high char conversion rate and need very low fuel reactor invento-
ries, with values of 45 and 85 kg/MWy, respectively to reach 95%
carbon capture efficiency at 925°C respectively. At these condi-
tions, the residence time of solids in the fuel reactor is 31 and 58s,
respectively. As opposite, for anthracite higher fuel reactor inven-
tories are needed to reach high values of carbon capture efficiency,
near 490 kg/MWy, at 925 °C, with a residence time of 365s. How-
ever, these inventories are much lower than those found to burn
anthracite in the CLC process using ilmenite (Cuadrat et al., 2012b,
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Fig. 7. Char conversion as a function of the fuel reactor inventory for lignite at three different efficiencies of the carbon separation system and three temperatures in the fuel
reactor: (a) 909°C, (b) 935°C and (c) 950 °C. ncss : 0 (=), 50% (--), 90% (—). ¢ =1.1.1i15c = 1.35 kg/[s per MWy,.
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c) as 1800 kg/MWy, are needed. Moreover, the inventories needed
for the different fuels showed an important decrease with temper-
ature indicating the need of fuel reactor temperatures as higher as
possible, especially for anthracite.

These inventories are calculated to reach high char conversion
values. However, it must be taken into account the oxygen carrier
reactivity. In a previous work using this oxygen carrier, Adanez-
Rubio et al. (2012a) defined three different regions of combustion
behaviour depending on the solid inventory. The minimum oxygen
carrier inventory necessary to reach complete combustion to CO,
and H,0 (Region I) was 58 kg/MW,;, at 955°C. Therefore, a solid
inventory of 35 kg/MWy, (using lignite at 950 °C, see Fig. 9) repre-
sents operation in Region IIl, where incomplete combustion occurs.
This fact indicates that in the case of highly reactive coals, e.g. lig-
nite or medium volatiles bituminous coals, the solids inventory will
be defined by the amount of solids necessary to reach complete
combustion rather than to reach high char conversion values.

In other cases, i.e. low reactive coals or absence of a carbon sep-
aration system, the solids inventory in the fuel reactor will come
defined to have solids residence time high enough to convert the
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Fig. 9. Fuel reactor inventory as a function of the fuel reactor temperature of the
different fuels: lignite (-v-), medium volatile bituminous (-a-), low volatile bitu-
minous (-M-) and anthracite (-#-). ncc =95%; ncss =90%. ¢p=1.1.

char. In this case, the absence of unburnt products would be guaran-
teed even if lower solid inventories were used. At these conditions
(RegionIdefined by Adanez-Rubio et al., 2012a), complete combus-
tion is reached, although some oxygen at equilibrium conditions
will be also present. This oxygen could to limit the fuel reactor
temperature if the oxygen concentration in the CO, stream should
minimized, because this oxygen must be separated from CO, before
its transport and storage (Allam et al., 2005).

5. Conclusions

The performance of the CLOU process for combustion of coals of
different rank with a Cu-based oxygen carrier (Cu60MgAl) prepared
by spray-drying was determined in a continuously operated unit.

With all the coals used, unburnt compounds were not present
in the fuel reactor outlet. CO,, H,0 and O, were the only products
present at the fuel reactor outlet. Very high carbon capture efficien-
cies were obtained for lignite and MV bituminous coals, reaching
values of 99% with lignite at 950 °C. The carbon capture efficiency
increased with fuel reactor temperature and this increase was more
relevant for anthracite and LV bituminous.

The coal rank showed an important effect on the carbon capture
efficiency. For low reactivity coals it is necessary the use of a carbon
separation system to reach a CO, capture efficiencies higher than
95%.

The analysis of the experimental results was used to evaluate
the performance of the CLOU system when a carbon separation
system is included using different coal rank. It was found very
low solid inventories for all the different coal rank used. For
example, at 925°C the solid inventory needed to reach a 95% of
CO, capture efficiency with a carbon separation system of 90% of
efficiency is 45 kg/MWy, using Lignite, 85 kg/MWy;, using MV bitu-
minous, 140 kg/MW, using LV bituminous and 490 kg/MW,, using
anthracite. The residence times corresponding to these inventory
values are 31, 58, 140 and 365 s, respectively.
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Economic benefits can be expected in the future if CO, capture and storage are implemented in energy generation
from biomass combustion. The aim of this work is to investigate the combustion of biomass in a chemical looping
with oxygen uncoupling (CLOU) process with inherent CO, separation. The performance of biomass combustion
in a continuously operated 1.5 kWy, CLOU unit is presented. Particles prepared by spray drying containing
60 wt.% CuO were used as an oxygen carrier. Milled pine wood chips were used as fuel. The work focused on
the effect of fuel reactor temperature on the CO, capture and the combustion efficiency of the CLOU process

Ic(gm(;rﬁpmre with biomass. Under CLOU operation, biomass combustion was complete to CO, and H,0 without the presence
Combustion of any unburnt material, including tars. Moreover, high carbon capture efficiencies were achieved using very low
Biomass oxygen carrier inventories and without a carbon separation unit. This is the first time that the CLOU concept has
CLOU been demonstrated in a continuous CLC unit using biomass as fuel.

Copper © 2014 Elsevier B.V. All rights reserved.

Chemical looping

1. Introduction

According to the IPCC report on the mitigation of climate change [1],
in order to stabilize CO, concentration in the atmosphere, CO, capture
and storage (CCS) would contribute 15-55% to the cumulative mitiga-
tion effort worldwide until 2100. CCS is a process involving the separa-
tion of the CO, emitted by industry and energy-related sources and its
storage for long term isolation from the atmosphere. Chemical looping
combustion (CLC) has been suggested as being among the best alterna-
tives to reduce the economic cost of CO, capture [2] and to reduce the
energy penalty in comparison with other CO, capture processes [3]. In
this process, CO, is inherently separated from other combustion prod-
ucts, N, and unused O,, through the use of a solid oxygen carrier; thus
no energy is expended for CO, separation. The CLC process has been
demonstrated for the combustion of gaseous fuels such as natural gas
or syngas in 10 to 140 kW4, units using oxygen carrier materials based
on nickel, copper and iron. Results obtained for CLC with gaseous fuel
with different oxygen carriers have been reviewed by Adanez et al. [4]
and Lyngfelt [5].

The direct use of solid fuels in the CLC concept for energy generation
is highly relevant because solid fuels are considerably more abundant
and less expensive than natural gas. CLC with solid fuels involves the
fuel being physically mixed with the oxygen carrier in the fuel reactor.
The in-situ gasification of the solid fuel, e.g. coal, biomass or solid

* Corresponding author. Tel.: +34 976 733977; fax: +34 976 733318.
E-mail address: abad@icb.csic.es (A. Abad).

http://dx.doi.org/10.1016/j.fuproc.2014.02.019
0378-3820/© 2014 Elsevier B.V. All rights reserved.

wastes, using steam or CO, as a gasification agent [6,7] has been pro-
posed as an intermediate step for fuel conversion. This process has
been demonstrated in units of 10 to 100 kW, with coal [8-10]. The
main limitation found in solid fuel conversion in in-situ gasification
chemical looping combustion process (iG-CLC) [4] is the slow gasifica-
tion process [8,11], as well as the incomplete combustion of gases
evolved in the fuel reactor [12].

To overcome the low reactivity of the char gasification step in the iG-
CLC, an alternative process, chemical looping with oxygen uncoupling
(CLOU), was proposed by Mattisson et al. [13]. They made use of the
idea first proposed by Lewis and Gilliland [14] to produce CO, from
solid carbonaceous fuels by using the gaseous oxygen produced by the
decomposition of CuO. The CLOU process is based on the strategy of
using oxygen carrier materials which release gaseous oxygen and there-
by allows the solid fuel to burn with the gas phase oxygen. These mate-
rials can be also regenerated at high temperatures.

Fig. 1 shows a schematic diagram of a CLOU system. The fuel conver-
sion in the fuel reactor is produced by different reactions. First the oxy-
gen carrier releases oxygen according to:

2Me,0, —2Me, 0, _; + O, (1)

and the solid fuel begins to devolatilize, producing a carbonaceous solid
residue (char, mainly composed of carbon and ash) and volatile matter
as gaseous product:

Solid fuel — volatile matter + char(C). (2)
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Fig. 1. Schematic layout of the CLOU system.

The volatiles and char are then burnt in a similar way than in the
usual combustion process with the gaseous oxygen according to reac-
tions (3) and (4):

volatile matter + O, — CO, + H,0 (3)
Char(C) + 0, — CO, + ash. (4)

After steam condensation, a pure CO, stream is obtained from the
fuel reactor. The reduced oxygen carrier is transported to the air reactor,
where the oxygen carrier is regenerated to the initial oxidation stage
with the oxygen in air in readiness for use in a new cycle. Ideally, the
exit stream of the air reactor will contain only N, and unreacted O,.
The heat release over the fuel and air reactors is the same as for conven-
tional combustion. Therefore, the CLOU process has a low energy penal-
ty for CO, separation and low CO, capture costs are expected.

The slow gasification step for the direct solid fuel experienced in
iG-CLC is avoided in the CLOU process, which achieves a much faster
solid conversion [15]. It was found that the conversion rate for the
solid fuel was increased by a factor of 45 for a petroleum coke [13]
and by 60 for a bituminous coal [15] in comparison with those mea-
sured using an oxygen carrier without the oxygen uncoupling property.
Moreover, the combustion of the fuel consumes the oxygen generated
by the oxygen carrier and improves the decomposition reaction of the
metal oxide particles [16]. As a consequence, solid inventory as low as
50 kg/MWy, was estimated by Adanez-Rubio et al. [16]. This solid in-
ventory is much lower than the ones required in the iG-CLC system
with solid fuels, which is in the range of 1000-2000 kg/MWy, for Fe-
based oxygen carriers [17-20].

Thus, a special requisite applies to the oxygen carrier to be used in
the CLOU process in comparison with oxygen carriers for normal CLC,
where the fuel reacts directly with the solid oxygen carrier without
any release of gas phase oxygen. Only those metal oxides that have a
suitable equilibrium partial pressure of oxygen at temperatures of inter-
est for combustion (800-1200 °C) can be used as oxygen carrier mate-
rials in the CLOU process. Moreover, this O, release must be reversible in
order to oxidize the oxygen carrier in the air reactor and regenerate the
material. CuO/Cu,0, Mn,03/Mn304 and Co30,4/Co0 have been identified
as redox pairs with the capacity to evolve oxygen at high temperature
[13]. To date, there are only a small number of developed materials
that are suitable for the CLOU process [4,21-24].

The ICB-CSIC research group performed a screening study that con-
sidered 25 different Cu-based oxygen carriers in order to select appro-
priate materials for the CLOU process [21]. Two promising Cu-based
oxygen carriers prepared by pelletizing under pressure (60 wt.% CuO
supported on MgAl,0,4, and 40 wt.% CuO supported on ZrO,) were

selected owing to their high reactivity, low attrition rate and lack of ag-
glomeration. After the screening tests, a batch of 60 wt.% CuO supported
on MgAl,04 was prepared by spray drying and evaluated in a CLOU unit
[25]. The validity of the concept of the CLOU process with coal was dem-
onstrated using this material as the oxygen carrier [15] in a 1.5 kW,
continuously operated unit consisting of two interconnected fluidized-
bed reactors. The effect of the coal rank was also analyzed [26] in this
unit using a lignite, two bituminous coals and an anthracite. Complete
combustion was achieved using a solid inventory in the fuel reactor of
235 kg/MW4,. In conjunction, values close to 100% in carbon capture ef-
ficiency were obtained at 960 °C with reactive coals. However, for low
reactivity coals such as anthracite, a carbon separation system would
be needed in the system to prevent carbon intrusion into the air reactor.
Recently, the fate of sulphur in the CLOU process using a Cu-based oxy-
gen carrier was studied in this plant [27] using a high sulphur content
fuel. Most of the sulphur introduced with the fuel exited as SO at the
fuel reactor outlet and the oxygen carrier particles showed good behav-
ior as reactivity was unaffected and agglomeration problems did not
occur.

If a CO, capture system is implemented in a biomass combustion
process, the global carbon balance in the atmosphere will be negative,
because the carbon dioxide generated was previously removed from
the atmosphere by the biomass. Consequently, biomass is an interesting
fuel for testing in CLC or CLOU processes, because it would be possible to
obtain negative CO, emissions. Only a few studies using biomass as fuel
in continuous CLC units [28-30] can be found in the literature. In these
studies, the biomass was converted through in-situ gasification in the
fuel reactor of a CLC system (iG-CLC). Iron oxide was used as the oxygen
carrier in the units of 10 kW, [30] and 1 kW, with a spouted-bed reac-
tor as fuel reactor [28]. A high char conversion in the fuel reactor owing
to the high reactivity of the biomass char was found. At the same time,
the outlet gases from the fuel reactor had a relevant fraction of unburnt
compounds resulting from the large amount of volatiles. Finally, our re-
search group at ICB-CSIC [29] studied the effect of the fuel reactor tem-
perature, solid circulation rate and gasifying agent on the combustion
efficiency of milled pine wood chips using iron ore as the oxygen carrier
in a continuous 500 Wy, CLC plant. Carbon capture efficiencies higher
than 95% in a temperature range of 880-915 °C were obtained in this
study, although combustion efficiency was in the 85-95% range.

Although, the benefits of the CLOU process have been shown in com-
parison with the iG-CLC process [15], to date there have been no studies
on the combustion of biomass by the CLOU process in the literature. The
aim of this work was therefore to investigate the validity of the concept
of the CLOU process in a continuously operated CLOU plant using bio-
mass as fuel. In this work, particles prepared by spray drying containing
60 wt.% CuO and using MgAl,0, as supporting material were used as the
oxygen carrier for the CLOU process. Biomass has higher volatile matter
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content than coal and different behaviors could be expected during
combustion. The effect of fuel reactor temperature on combustion and
CO, capture efficiencies was investigated.

2. Experimental section
2.1. The Cu-based oxygen carrier

The oxygen carrier used in this work was a Cu-based material pre-
pared by spray drying. The oxygen carrier particles were manufactured
by VITO (Flemish Institute for Technological Research, Belgium) using
CuO (Panreac, PRS) and MgAl,0, spinel (Baikowski, S30CR) as raw ma-
terials. The particles were calcined for 24 h at 1100 °C. The CuO content
was 60 wt.%. The particle size of the oxygen carrier was + 0.1-0.25 mm.
From this point on, the oxygen carrier is referred to as Cu60MgAl.
Table 1 shows the main properties of this material.

Physical and chemical characterization was carried out with these
particles, as shown in Table 1. The copper content was determined by
complete reduction in TGA using 15 vol.% H, at 850 °C[25]. The oxygen
transport capacity, Roc, was calculated in TGA in nitrogen atmosphere at
1000 °C as Roc = (Mox — Myeq) / Mox, Where mgy is the mass of fully ox-
idized particles and m,eq the reduced form after oxygen uncoupling, i.e.
once all the CuO is reduced to Cu,0 [25]. Table 1 also shows the different
equipment used to characterize this material.

The preliminary results showed that this material had adequate re-
activity values and oxygen transport capacity in fluidized-bed con-
ditions [16,25]. High combustion rates with complete combustion to
CO, and H,0 were obtained with this material using a low solid inven-
tory in the fuel reactor of a CLOU unit burning different types of coal
[15,26].

2.2. Biomass

Milled pine wood chips from Spain were used for the CLOU ex-
periments with Cu60AIMg. The main properties of this biomass are
shown in Table 2. The biomass particle size used for this study was
+ 0.5-2 mm. This fuel is characterized by its high volatile matter con-
tent (81 wt.%) with respect to coal.

2.3. ICB-CSIC-s1 unit for the CLOU process

A schematic view of the experimental set-up used is shown in Fig. 2.
The set-up was basically composed of two interconnected fluidized-bed
reactors - the air and fuel reactors - joined by a loop seal in the lower
and a riser for solid transport from the air reactor to the fuel reactor. A
cyclone recovered the solids entrained from the riser. A solid valve con-
trolled the solid circulation flow rate in the system. The reactors were
operated at slightly higher than atmospheric pressure, taking into con-
sideration the pressure drops in the beds and pipes to the stack. The fuel
reactor (1 in Fig. 2) consisted of a bubbling fluidized bed with a 50 mm
inner diameter and 200 mm bed height. N, was used as fluidizing gas in-
stead of CO, in order to improve the accuracy for calculation of the car-
bon burnt in the fuel reactor. In a previous work, it had been determined
that the fluidization agent did not have any influence on the oxygen

Table 2
Properties of biomass used in this work; including ash composition (wt.%).

Proximate analysis Ultimate analysis

(wt.%) (wt.%)
Moisture 4.2 C 514
Volatile matter 81.0 H 6.5
Fixed carbon 144 N 03
Ash 0.4 S 0.0
o? 372
Ash composition
Al,03 2.4 Na,0 0.2
Ca0 40.7 Sio, 6.6
Fe,03 13 TiO, 0.1
K,0 8.9 MnO, 0.8
MgO 6.6 P,0s 16
LHV (kJ/kg) 19,186
Qsr (kg Oy/kg solid fuel) 14

2 Oxygen to balance.

carrier behavior [21]. The gas flow was 250 Ly/h, corresponding to a
gas velocity of 0.15 m/s at 900 °C. The minimum fluidizing velocities
of the oxygen carrier particles were 0.006 m/s for the smallest particle
size and 0.023 m/s for the biggest, while the terminal velocities of parti-
cles were 0.40 m/s and 1.45 m/s respectively.

Fuel (9in Fig. 2) was fed in by a screw feeder (10 in Fig. 2) at the bot-
tom of the bed just above the fuel reactor distributor plate in order to
maximize the time that the fuel and volatile matter were in contact
with the bed material. The screw feeder consisted of two steps: the
first with variable speed to control the fuel flow rate; the second was
water cooled and it had high rotating velocity to minimize fuel pyrolysis
inside the screw. A small N, flow (24 Ly/h) was introduced at the start of
the screw feeder to prevent any possible reverse flow of volatiles.

The oxygen carrier was decomposed in the fuel reactor, evolving
gaseous oxygen into the surroundings. The oxygen burnt the volatiles
and char proceeding from fuel pyrolysis in the fuel reactor. Reduced
oxygen carrier particles overflowed into the air reactor through a
U-shaped fluidized bed loop seal (2 in Fig. 2) with a 30 mm inner diam-
eter. A N, flow of 60 Ly/h was introduced into the loop seal. Preliminary
experiments were carried out to observe the distribution of gas fed into
the loop seal. In the experimental conditions used in this work, the gas
in the loop-seal was distributed approximately with 50% in each reactor
(air and fuel reactor).

The oxidation of the carrier took place in the air reactor (3 in Fig. 2),
which was a bubbling fluidized bed with an 80 mm inner diameter and
100 mm bed height, followed by a riser (4 in Fig. 2) with a 30 mm inner
diameter. The air flow was 1740 Ly/h (ug = 0.40 m/s). In addition, a sec-
ondary air flow (240 Ly/h) was introduced at the top of the bubbling
bed to assist particle entrainment through a riser. N, and unreacted
0, left the air reactor passing through a high-efficiency cyclone (5 in
Fig. 2) and a filter before reaching the stack. The oxidized solid particles
recovered by the cyclone were sent to a solid reservoir (7 in Fig. 2), with
the oxygen carrier prepared to start a new cycle. The regenerated
oxygen carrier particles returned to the fuel reactor by gravity from
the solid reservoir through a solid valve (8 in Fig. 2) that controlled

Table 1
Properties of the fresh and used oxygen carrier Cu60MgAl.
Techniques Fresh Used
CuO content (wt.%) TGA, CI Electronics 60 60
Oxygen transport capacity, Roc (wt.%) TGA, CI Electronics 6 6
Crushing strength (N) Dynamometer, Shimpo FGN-5X 24 19
Skeletal density (kg/m?) He picnometry, Micromeritics AccuPyc Il 1340 4600 4651
Porosity (%) Hg intrusion, Quantachrome PoreMaster 33 16.1 22.8
Specific surface area, BET (m?/g) BET method, Micromeritics ASAP-2020 <0.5 0.5
XRD main phases Diffractometer, Bruker AXS CuO, MgAl,04 Cu0, MgAl,04
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Fig. 2. Schematic view of the ICB-CSIC-s1 unit for the CLOU process (1.5 kWy,).

the flow rates of solids entering the fuel reactor. A diverting solid valve
(6 in Fig. 2) located below the cyclone allowed the measurement of the
solid flow rates to be taken at any time. Therefore, this design enabled us
to control and measure the solid circulation flow rate between both re-
actors. The ash particles from char combustion were not recovered by
the cyclone and were collected in a filter downstream. Thus, ash parti-
cles were not accumulated in the system. Finally, it should be pointed
out that leakage of gas between the two reactors was prevented by
the presence of the U-shaped loop seal (2 in Fig. 2) and the solid reser-
voir (7 in Fig. 2). Thus, the presence of oxygen in the fuel reactor was
solely the result of oxygen released by reaction (1 in Fig. 2).

The total oxygen carrier inventory in the system was around 2.3 kg,
with about 0.7-0.8 kg of this found in the fuel reactor. The amount of
solids in the fuel reactor was calculated from pressure drop measure-
ments in the reactor for each test.

CO0,, CO, H,, CH,4, and O, were continuously analyzed at the outlet
stream from the fuel reactor, whereas CO,, CO and O, were analyzed
from the flue gases of the air reactor. Non-dispersive infrared (NDIR)
analysers (Maihak S710/UNOR) were used for CO, CO, and CH, concen-
tration determination; a paramagnetic analyzer (Maihak S710/0XOR-P)
was used to determine O, concentration; and a thermal conductivity
detector (Maihak S710/THERMOR) was used for H, concentration de-
termination. The amount of tar present in the fuel reactor product gas
was determined following the tar protocol [31]. Higher C;, C3 and C4
hydrocarbons were analyzed off-line by a gas chromatograph (HP5890
Series II).

Because of heat losses, the system was not auto-thermal, and was
heated by means of various independent ovens to achieve independent
temperature control of the air reactor, fuel reactor and freeboard above
the bed in the fuel reactor. During operation, temperatures in the bed
and freeboard of the fuel reactor, air reactor bed and riser were moni-
tored, in addition to the pressure drops in important locations of the

system, such as the fuel reactor bed, the air reactor bed and the loop
seal. The temperature in the fuel reactor was varied from 860 to
935 °C, whereas the freeboard temperature was 900 °C. The tempera-
ture in the air reactor was kept at 900 °C.

The solid circulation rate was maintained at a mean value of 4.1 kg/h,
while the biomass feeding rate was 0.22 kg/h, corresponding to a power
of 1.2 kW. The oxygen carrier to fuel ratio, ¢, was around 1.2. The oxygen
carrier to fuel ratio was defined as the ratio of the oxygen transported
by the oxygen carrier to the oxygen demanded by biomass for complete
combustion. A value of ¢ = 1 corresponded to the stoichiometric flow
of CuO needed to fully convert the fuel to CO, and H,0, with CuO
being reduced to Cu,0. Thus, ¢ was calculated with the following
equation:

_ Roctitgc
Qspiitgp

5)

where mg is the solid circulation flow rate in the completely oxidized
state and mg; is the mass-based flow of the solid fuel fed into the reactor.
Qgsr is the stoichiometric kg of oxygen to convert 1 kg of biomass to CO,
and H,O0. This value was calculated from the proximate and ultimate
analysis of biomass, see Table 2, by using the following equation:

_ fC fH _ fO
Qg = <MC+0.25MH Mo Mo,

where f; is the mass fraction of the element i in biomass.
Air flow into the air reactor was maintained constant for all tests and
always exceeded the stoichiometric oxygen demanded by the fuel. The
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air excess ratio, \, is defined in Eq. (7), and the values for the experi-
mental work were always above 1.

_ oxygenflow
"~ oxygen demanded

0.21F;;Mo,
QSFmSF

)

24. Data evaluation

To analyze the reliability of the results, a mass balance to oxygen and
carbon was carried out using the measurements of the gas stream com-
ing from the air and fuel reactors in the continuous CLOU unit. The prod-
uct gas flow in dry basis in the fuel reactor, Fyr, Was calculated as:

Finer
F outFR — = (8)
- (yCOZ.outFR + YcooutiR + YH, outiR + YcH, outiR + yOZ,outFR)

where F;rr is the inlet flow to the fuel reactor, i.e. the sum of N, for flu-
idizing, N, from loop seal and N, from the screw-feeder, and y; o¢rr the i
gas concentration exiting from the fuel reactor on a dry basis.

The outlet gas flow from air reactor, Fouar, Was calculated by means
of the introduced N,.

FNz.inAR (9)
1— (J’oz outAR T yCOZ,outAR)

F OutAR —

Thus, the exiting flows of O, and CO, from the air and fuel reactors
could be calculated easily using the actual concentration of each gas i:

Fi.out = yi.outFout~ (10)

Note that nitrogen was used as the fluidizing agent in the fuel reactor
during experimental work; thus CO, was produced only by the fuel
combustion.

With the gas flows, a mass balance to carbon and oxygen can be per-
formed as:

fe .

M Mg = (F c0,.0ufR T Feoourr + F CH4,outFR) + Feo, outar + Fe et

(11)

frio . fo .
Mo, (FCOZ‘outFR + Fo, ourr + 0.5Fco ourr + O'SFHZO.outFR)OmFR_ <MHZ o + IVT(; Mg
2

= Mo, [Foz.inAR_ (Foz.outAR + FCOZ.outAR)] (12)

where Fc ey is the flow of carbon elutriated from the fuel reactor as un-
burnt char.

Water concentration was not measured. However, in order to take
into account the oxygen exiting with H,0 resulting from the oxidation
of hydrogen in the fuel, it was assumed that water came both from
the humidity and hydrogen contents in the fuel:

f fh0 ) -
Fi,0,0ur = (0'51\/1:{_[ + MHZ 5 Msg—Fy, outkr- (13)
2

The evaluation of the CLOU performance with solid fuels was carried
out by studying the effect of the operational variables on CO, capture ef-
ficiency, char conversion and combustion efficiency in the fuel reactor.

CO, capture efficiency, ncc, is defined as the fraction of carbon
present in the fuel at the outlet of fuel reactor. This is the real CO,

captured in the CLOU system, as the remaining carbon exits as CO, to-
gether with nitrogen at the air reactor outlet:

Nee = 1— FCOZ‘outAR (14)
fc

MC SF

CO,, capture efficiency depends on the conversion of char in the fuel
reactor, Xchar- Its value is calculated by considering that the carbon in
gases from the fuel reactor comes from the carbon in volatiles and car-
bon in converted char. Thus, the carbon from reacting char was the
inlet carbon minus the flow of carbon in volatiles, Fc,,;, and in elutriated
char particles, Fcejut:

Feo, outrr + Feoourr + Fen,ourr = Feol
Xchar = 2 - (15)

Feo, outrr + Feo.outrr + Fen,outrr + Feo, .outar = Fevol

The molar flow of carbon contained in the volatile matter was calcu-
lated as:

FC,vol = (fc%cﬁ)()mﬁ (16)

where fc gy is the fixed carbon given by fuel analysis, see Table 2.
Eq. (16), assuming that the volatiles evolving in the fuel reactor are
the same as those in the proximate analysis measurement.

The conversion of char in the fuel reactor was related to the temper-
ature and the mean residence time of solids in the fuel reactor, Tgg, cal-
culated by the following equation:

m
TR = mS‘FR (17)
oc

where mg g is the mass of solids in the fuel reactor and mg the solid
circulation rate between the air and fuel reactors.

The fractional conversion rate of the char (—r¢), can be calculated
from the values of the char conversion in the fuel reactor and the
mean residence time of char particles in this reactor, Tar. The fractional
conversion rate of char was calculated as follows:

(—1¢) :)ﬁ (18)

Tehar

Tchar 1S Telated to the mean residence time of solids in the fuel reactor
with the following equation:

Tehar = TFR (1 _Xchar)' (19)

Finally, combustion efficiency in the fuel reactor, Mcomp rr, €valuates
the degree of combustion with respect to the fraction of fuel converted
in the fuel reactor. The combustion efficiency in the fuel reactor was cal-
culated through the quotient between the oxygen required to fully burn
unconverted gases (CH4, CO and H,) and the oxygen demanded for
complete combustion of the biomass converted in the fuel reactor.
Therefore, the combustion efficiency in the fuel reactor was calculated
as:

_ 4Fc, outrr + Feooutrr + Fi, outir (20)
2Q0gmg—2 FC02.outAR_2 Feetut

Neomb,FR = 1

3. Results
3.1. Biomass combustion

To investigate the combustion of biomass by a CLOU system, differ-
ent tests were carried out under continuous operation in the ICB-CSIC-
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s1 experimental rig. Cub0MgAl material was used as the oxygen carrier.
The effect of the fuel reactor temperature on the combustion efficiency
and CO,, capture efficiency was investigated. Thus, the fuel reactor tem-
perature was varied from 860 °C to 935 °C. A total of 10 h of operation
were carried out without agglomeration of the oxygen carrier.

The composition of the exit gases from the fuel and air reactors was
determined for every experimental condition. As an example, Fig. 3
shows the concentration of gases (dry basis) measured as a function
of the operating time. Several temperatures in the fuel reactor were
tested, and each was maintained at steady state for at least 120 min.

When temperature was varied, a transition period appeared and sta-
ble combustion was reached usually in less than 10 min. The steady
state was reached when the oxygen transferred from the oxygen carrier
to the fuel was equal to the oxygen transferred from the air to the oxy-
gen carrier. At steady state, the gas outlet concentration and tempera-
ture were maintained uniform throughout the entire combustion
time. The mass balances for carbon and oxygen, see Eqs. (11) and
(12), were found to be accurate, closing at 95%. Thus, the loss of carbon
by elutriation of char particles from the fuel reactor or carbon not recov-
ered by cyclone was negligible with regard to the carbon balance in the
system.

For the test carried out at the lower fuel reactor temperature, 860 °C,
there was a high concentration of CO in the fuel reactor outlet gas
stream, and the oxygen concentration was near 0. The only unburnt gas-
eous product was CO; neither CH4 nor H, was found at the fuel reactor
outlet. These results agreed with those found by Adanez et al. [32] dur-
ing fluidized bed biomass combustion. They reported CO being the main
volatile product during pine wood devolatilization. Moreover, CO was
an intermediate product during volatile combustion, with a lower com-
bustion rate than CH,4 and H,. All these reasons would justify that the
main unburnt product was CO at the lowest temperature in the CLOU
experiments.

Besides the large production of volatiles, significant amount of tar
compounds can be generated during biomass processing. In order to
study the fate of the tar compounds generated during biomass CLOU
combustion in the CLC unit, samples were taken at different tempera-
tures according to the tar protocol. Tar compounds were only measured
at 860 °C, at a concentration of 0.31 g/Nm? (dry basis). The composition
of these tars was mainly naphthalene (61.7 wt.%), phenanthrene
(13.1 wt.%), acenaphthylene (12.5 wt.%), indene (7.2 wt.%) and styrene
(5.5 wt.%). The amount of tar detected in this work during biomass
CLOU combustion was four times lower than that found by Mendiara
et al. [29] in iG-CLC combustion using the same biomass and similar
operating temperature (880 °C). Moreover, the tar composition was dif-
ferent, as it was mainly composed of naphthalene in the biomass iG-CLC

process [29]. The tar content in the fuel reactor exhaust gas may have
implications for the further steps of compression, transport and storage,
since operational problems may be anticipated if the tar concentration
is high. Tar condenses easily, and this property is known to cause fouling
in pipes, filter elements and heat exchangers. To prevent these prob-
lems, Reed et al. [33] gave an interval of tar concentration between
0.05 and 0.5 g/Nm?>, for compressing and piping biomass processed
gas. According to those limits, the tar content of the FR gas exhaust mea-
sured in this work at all temperatures was below those limit values, and
thus no additional gas conditioning step should be required.

As was expected given the thermodynamics, the oxygen uncoupling
effect at this temperature was low. At the same time, the unburnt char
was transferred to the air reactor together with the oxygen carrier par-
ticles. There, the char was burnt and the oxygen carrier was regenerat-
ed. So, CO, appeared as a combustion product from the air reactor.

When the fuel reactor temperature was higher than 900 °C, there
was a significant O, release due to the CLOU effect and no CHy, CO or
H, were detected in the gases exiting from the fuel reactor. The possible
presence of tars or light hydrocarbons was also analyzed. The results
showed that there were no tars in the fuel reactor outlet flow, i.e. no hy-
drocarbons heavier than Cs at temperatures higher than 900 °C. Fur-
thermore, in these experiments, gas from the outlet stream of fuel
reactor was collected in bags and analyzed with a gas chromatograph.
The analysis showed that there were no C,-C4 hydrocarbons in the
gases. Thus, CO,, H,0 and O, were the only gases, together with N, in-
troduced as the fluidizing gas at high temperature. Moreover, very low
fractions of NO were present in the gases coming from nitrogen present
in the biomass. However, nitrogen components were not evaluated in
this work. Special experiments should be performed to eliminate any
N, flow into the fuel reactor to estimate NO, formation in a CLC system
[34].

Fig. 4(a) shows the combustion and CO, capture efficiencies obtain-
ed in the plant as a function of the fuel reactor temperature. Complete
combustion of biomass to CO, and H,0 was found in the fuel reactor
for the experiments at temperatures higher than 900 °C. The solid in-
ventory in the fuel reactor was 565 kg/MWy, in all tests. Nevertheless,
complete combustion can be expected with a lower solid inventory. At
temperatures lower than 900 °C, 82% of combustion efficiency was ob-
tained, and there were CO and tars present at the outlet of fuel reactor.
Unburnt compounds come mainly from volatile matter, as was shown
in previous work in this CLC unit [35]. Biomass contains 81% volatile
matter, therefore, the high volatile matter content of the biomass is re-
sponsible for the low combustion efficiency showed at the lowest tem-
perature. Note that unburnt compounds are always present at the outlet
of the fuel reactor for materials without oxygen uncoupling properties,
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even if highly reactive materials or a high solid inventory was used
[12,20]. Similar combustion behavior was obtained in iG-CLC made
with biomass using an iron based oxygen carrier, i.e. Ncomp,rr = 80%
at 880 °C with 1550 kg/MW,. With the Cu-based material used in this
work, Neombrr = 82% but with much lower amount of solids (565 kg/
MWy,), highlighting the high reactivity of the Cu-based material.

To understand the differences on performance at temperatures
lower or higher than 900 °C, it is necessary to take into account that
0, generated from CuO increases with temperature. This fact is related
to the increase in both reaction rate and equilibrium O, concentration.
At temperatures > 900 °C, O, released from the oxygen carrier should
be of great relevance for the conversion of gaseous compounds pro-
ceeding from coal devolatilization. Thus, volatile matter reacts with gas-
eous O, from the oxygen uncoupling mechanism in a homogeneous
reaction. On the contrary, at 860 °C, the O, generated is extremely
low (equilibrium O, concentration is 0.5 vol.%). Thus, the gas conver-
sion by a direct gas-solid reaction with the oxygen carrier could be
the more relevant mechanism at the lower temperature. At this temper-
ature, oxygen carrier reduction to generate gaseous O, is extremely
slow [36]. The lack of the oxygen uncoupling is responsible for the rela-
tively low combustion efficiency present in the fuel reactor under these
conditions. Nevertheless, it should be noted that the contact between
volatile matter and oxygen carrier particles can be poor because they
are likely to be generated in a plume. Consequently, gas-solid contact
must be seen as a limiting step during combustion of volatile matter in-
stead of the low reactivity of gases with the oxygen carrier material. The
presence of a volatile plume and low amounts of solids in the freeboard
of this CLC unit [35] is believed to be critical for the low gas conversion
at low temperature. Note that when the gas-solid contact is improved,
e.g. during combustion of gaseous fuels in previous works [37,38],
complete combustion can be achieved at conditions where oxygen
uncoupling is not relevant.

In order to obtain complete combustion, an oxygen uncoupling
effect is needed. Thus, it was found that volatiles were fully converted
into CO, and H,O0 in the fuel reactor at temperatures higher than
900 °C by reaction with the oxygen released from CuO decomposition.
In addition, the oxygen release rate was high enough to supply an ex-
cess of gaseous oxygen (0-), which exited together with the combustion
gases. The oxygen concentration was at equilibrium conditions for each
reactor temperature. At the same time, the O, concentration at the air re-
actor outlet decreased slightly with temperature owing to the oxygen
carrier becoming more reduced from the fuel reactor because more oxy-
gen was released there.

CO,, capture efficiencies are dependent on the carbon transferred in
char particles from the fuel to the air reactor. CO, capture efficiency
increases with the fuel reactor temperature. Thus, high carbon capture

efficiencies were found at fuel reactor temperatures higher than
900 °C, reaching 100% efficiency at 935 °C. As all the carbon in the vol-
atiles was burnt in the fuel reactor, the carbon capture depended only
on the unconverted char in the fuel reactor, i.e. on the char conversion,
which in a CLOU or a CLC system is dependent on the fuel reactor tem-
perature and the solid circulation flow rate [39]. Nevertheless, the solid
flow rate was maintained constant for all the tests. Fig. 4(b) shows the
char conversion in the fuel reactor as a function of the fuel reactor tem-
perature. The char conversion increased with the fuel reactor tempera-
ture because of the higher char combustion rates. However, low char
conversion can be seen at the lowest temperature when only 15% of
char conversion is reached in the fuel reactor and there is no gaseous
0, in the fuel reactor exiting flow. However, the 80% of CO, capture ef-
ficiency obtained was due to the high amount of volatiles in the biomass
composition. This important decrease in the char conversion can be at-
tributed to a change in the mechanism for the combustion of char. At the
lower temperature, 860 °C, the oxygen uncoupling effect is low because
the O, equilibrium concentration is low and the oxygen generation rate
by the oxygen carrier particles is low. So the conversion rate of char by
combustion reaction should be low. Char conversion is mainly driven at
this temperature by the slow gasification reaction with the low H,0 or
CO, concentration inside the fuel reactor.

As the temperature increases, the oxygen uncoupling effect in-
creases. Thus, the O, equilibrium at 900 °C is 1.5 vol.%. But what is
more relevant is the high oxygen generation rate that the oxygen carrier
shows at temperatures higher than 900 °C [16]. As a consequence, the
rate of char combustion is directly increased.

This work presents the first experimental hours of burning biomass
by means of a CLOU process in a continuous unit. Although the total op-
eration time carried out (10 h) was not long enough for application on
an industrial scale, it was sufficiently relevant from the research point
of view, since no important drawbacks were found for the process. A fu-
ture experimental campaign involving the burning of different types of
biomass, such as almond shells, olive stones and corn stover, is planned
in order to extend the evaluation of the CLOU process with other
biomasses.

3.2. Characterization of used Cu60MgAl oxygen carrier particles

Samples of solids extracted from the fuel and air reactors after 10 h
of continuous operation in the CLOU unit were characterized by differ-
ent techniques. Table 1 shows relevant properties for used particles
compared to the fresh ones.

The XRD analysis of used particles revealed the presence of CuO and
MgAl,0,4 as major components. Thus, no changes were observed in the
chemical structure of the material. In addition, XRD results of some
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reduced samples taken from the fuel reactor of the CLOU unit at differ-
ent times showed only Cu,0 and MgAl,0,4 as the main components. In
other words, metallic Cu was never detected in the samples, even in
those tests where the variation of the solid conversion was close to
unity.

The used particles had a stable CuO content of 60 wt.%, similar to the
fresh ones. In addition, reactivity data were obtained in TGA tests from
the mass variations during the reduction and oxidation cycles as a func-
tion of time. The oxygen carrier reduction conversion was calculated as
Xied = (Mox — M) / (Mox — Myeq) and Xox = 1 — Xeq Where m is the
mass of sample at each time, my is the mass of the fully oxidized sam-
ple, and my.q is the mass of the sample in the reduced form. Fig. 5 shows
the conversion vs. time curves obtained for the decomposition and oxi-
dation reactions for the used samples, as well as for fresh oxygen carrier.
The maintenance of the initial reactivity can be clearly seen for used par-
ticles both in decomposition and oxidation reactions. This fact justifies
their unchanged ability to release oxygen at equilibrium conditions
and to be re-oxidized by air observed in the CLOU unit after the large
number of reduction-oxidation cycles the oxygen carrier particles
underwent.

SEM images of fresh and used particles after 10 h of operation in the
CLOU unit are shown in Fig. 6. No significant changes were observed in
the particles after operation with biomass. EDX analysis showed that in-
ternal CuO distribution inside the particles was uniform and was un-
changed. Moreover, the rich alkali metal composition of the biomass
ashes (see Table 2) had the potential to produce agglomeration prob-
lems in the fuel reactor, owing to bed sintering that can block solid cir-
culation between reactors. Fig. 6(c) of the used oxygen carrier particles
shows that no agglomerate resulted from the interaction between the
ash compounds and the oxygen carrier, which was in line with the
avoidance of tendency towards agglomeration during all the operating
time. It must be pointed out that the oxygen carrier particles never
showed agglomeration problems, even when the oxygen carrier was
highly reduced. EDX analysis of the used particles, Fig. 6(d), was con-
ducted on the surface of the particles in order to test for the presence
of alkali metals from biomass ashes (Ca, K, P, Na). No evidence was
found of ash deposition on the oxygen carrier particles, being the EDX
profile similar to that obtained for fresh particles; see Fig. 6(b). Howev-
er, it is necessary to highlight that the combination of a short operating
time (10 h) and the elutriation of the ash particles would result in a low
contacting time between ash and oxygen carrier particles, which could
be not representative of the behavior in an industrial CLOU unit. Specific
test would be requested to assess the interaction of ash component with
oxygen carrier particles.

In addition, a reduction was found in the crushing strength of the
particles as operation time increased, which agreed with previous re-
sults found with this material [25]. The reduction in the crushing
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strength of the particles was associated with an increase in porosity as
the operation time in the CLOU unit increased, see Table 1. The durabil-
ity of this material was in line with results shown in a previous work
[25], where the crushing strength decreased to 1.5 N after 18 h of oper-
ation. However, fines particles (<40 pm) were not found neither in the
fuel reactor nor in the air reactor. No differences on the evolution of
these properties were observed whatever coal or biomass was used as
fuel.

4. Discussion

From results presented in this work, char conversion in the fuel
reactor is a relevant issue affecting CO, capture efficiency in the CLOU
process, even where a fuel with a high volatile content is used, as it is
the case of biomass. In order to analyze the conversion degree of bio-
mass char in the CLC technology, a deep study was carried out that in-
cluded char conversion rates obtained in the CLOU process when
different fuels were used. Thus, carbon capture efficiency was analyzed
by means of the fractional conversion rate of char of different solid fuels,
including data from Adanez-Rubio et al. [26] for coals ranging from an-
thracite to lignite. Also the biomass char conversion rate obtained from
the iG-CLC process by Mendiara et al. [29] was considered for compari-
son purposes.

The fractional conversion rate of char per unit of carbon mass in char
can be used to carry out a comparison between the different fuels,
because char conversion in the fuel reactor, and hence carbon capture,
depends directly on this rate. Fig. 7 shows the fractional conversion
rate of char as a function of temperature calculated using Eq. (18) for
the biomass and coal fuels used in the CLOU unit [26]. As expected,
the fractional conversion rate of char increased with temperature. It
can be observed that the conversion rate for biomass char in the CLOU
process was very similar to that obtained for lignite, the most reactive
coal tested in the CLOU unit. This high conversion rate for biomass
char, together with the large amount of volatile matter content in bio-
mass, allows very high carbon capture efficiencies to be achieved,
even higher than those obtained for lignite under the same conditions.
In addition, the biomass char conversion rate in CLOU was higher than
that obtained in iG-CLC. The char conversion rate for biomass in the
CLOU process was 3 to 4 times higher than that obtained in the iG-CLC
process at temperatures equal to or higher than 900 °C. This was due
to the different char conversion mechanisms. In CLOU, char was con-
verted by combustion with gaseous oxygen, while iG-CLC involved a
slow char gasification process with steam or CO,. This higher char con-
version rate in the CLOU process explained the lower oxygen carrier in-
ventories needed in CLOU (565 kg/MW,,) compared to those required
by iG-CLC (1550 kg/MWy,) [29] to obtain similar carbon capture
efficiencies (97.5/99%). However, at the lowest temperature for CLOU
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Fig. 5. Conversion vs time curves for (a) reduction and (b) oxidation reactions for fresh and used particles. Reduction in N, and oxidation in air at 1000 °C in TGA.
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Fig. 7. Experimental fractional conversion rate of char different fuels as a function of fuel re-
actor temperature: biomass in CLOU process (--®--), biomass in iG-CLC process (--O--)
[29], lignite (--¥--) [26], MV bituminous (--A--) [26], LV bituminous (--M--) [26], and
anthracite (--#--) [26].

process (860 °C) the char conversion rate was lower than the rate for
iG-CLC. This may be due to: (a) no gasification agent (steam or CO,) is
fed into the CLOU fuel reactor, and (b) there was no gaseous oxygen
at this temperature to burn the char.

Char conversion in the fuel reactor can be calculated as a function of
the solid inventory, solid circulation rate and char conversion rate as
follows [26]:

moc(l_'}css) )
(—r¢) - Mgpr + Mog(1—ncss)

Xchar =1- (21)

In Eq. (21), the incorporation of a carbon separation system, similar
to the iG-CLC process, was considered by using the parameter mccs, i.e.
carbon separation system efficiency. Carbon capture efficiency is related
to the char conversion through the following equation:

vaol chhar fC_fCﬁx fCﬁx
—Cyol | TG ar = i 26
e Y s A

Xchar~ (22)

Using Eqs. (21) and (22), it was possible to analyze the effect of the
oxygen carrier inventory on char conversion and carbon capture
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Fig. 8. Carbon capture efficiency as a function of the fuel reactor inventory for biomass at
two different temperatures in the fuel reactor: 900 °C (—), 920 °C (---). T)css = 0; & = 1.1.

efficiency in the system, once the value of (—rc) was known. In this
analysis, the residence time of solids was maximized by operating at a
value of the oxygen carrier to fuel ratio, & = 1.1, thus maximizing the
CO, capture rate in a CLC unit [18,39]. Therefore, the solid circulation
flow rate per MWy, of fuel was fixed. With regard to the CLOU process
with biomass, Fig. 8 shows carbon capture efficiency as a function of
the oxygen carrier inventory in the fuel reactor for two different fuel re-
actor temperatures without implementing a carbon separation system
(Mess = 0). Carbon capture efficiency increased with the fuel reactor
solid inventory due to the increase in char conversion. An increase in
the fuel reactor temperature also increased the char conversion rate. It
is evident that a carbon capture efficiency higher than 95% can be
achieved with a very low amount of oxygen carrier inventories (230
and 110 kg/MWy, for 900 and 920 °C, respectively). Therefore, the use
of a carbon separation system is not necessary for the CLOU process
when biomass is used as fuel.

5. Conclusions

The performance of CLOU burning a biomass fuel with a Cu-based
oxygen carrier was analyzed in a continuous unit. A fuel reactor temper-
ature higher than 900 °C was required to exploit the oxygen uncoupling
benefits and resulting in no unburnt compounds at the fuel reactor out-
let. Complete combustion and 100% CO, capture efficiency were
achieved at a fuel reactor temperature of 935 °C using a low solid fuel
reactor inventory. The conversion rate of biomass char was analyzed,
and for the CLOU process it was found to be very similar to that obtained
with lignite. Moreover, the char conversion rate of biomass in the CLOU
process is between 3 and 4 times higher than that corresponding to the
iG-CLC process at temperatures above 900 °C.

With the results obtained in the continuous CLOU unit, an optimiza-
tion of the CLOU process was carried out to maximize CO, capture effi-
ciency with a minimum solid inventory. A carbon capture efficiency
higher than 95% can be achieved with a very low amount of oxygen car-
rier inventories (230 and 110 kg/MW4, for 900 and 920 °C respectively)
and without the need for a carbon separation system. These encourag-
ing results, first obtained with pine wood biomass in the CLOU process,
indicate that a study should be carried out on the use of other types of
biomass fuels with CLC technology.

Notation

Symbols

F molar flow of compound i (mol/s)

fc mass fraction of carbon in coal (—)

fenx mass fraction of fixed carbon in biomass (—)

fewol mass fraction of carbon in volatiles (—)

fi mass fraction in fuel of element or compound i (—)

M; atomic or molecular weight of i elements or compounds
(kg/mol)

Mgp mass-based flow of solid fuel fed into the fuel reactor (kg/s)

Moc solid circulation rate (kg/s)

Mox mass of the fully oxidized oxygen carrier sample (kg)

Myed mass of the fully reduced oxygen carrier sample (kg)

Mg FR mass of solids in the fuel reactor (kg)

(—r0) fractional conversion rate of the char (s~ 1)

Tehar mean residence time of char particles in the fuel reactor (s)

TFR mean residence time of solids in the fuel reactor (s)

Roc oxygen transport capacity (—)

Xchar carbon conversion in char particles (—)

Vi molar fraction of the gasi (—)

Greek letters

Mce CO, capture efficiency (—)

Neomb,er  COMbustion efficiency in the fuel reactor (—)
TNcss efficiency of the carbon separation system (—)
A air excess ratio (—)

1) oxygen carrier to fuel ratio (—)

Qsr stoichiometric mass of O, to convert 1 kg of solid fuel (kg/kg)
Subscripts

AR air reactor

char carbon in char particles

elut elutriated particles from fuel reactor

FR fuel reactor

inAR inlet stream to air reactor

inFR inlet stream to fuel reactor

outAR  outlet stream from air reactor

outFR outlet stream from fuel reactor

oC oxygen carrier

SF solid fuel

vol volatile matter

Acronyms

BET Brunauer-Emmett-Teller

CCS CO,, capture and storage

CLC chemical looping combustion

CLOU chemical looping with oxygen uncoupling
IPCC Intergovernmental Panel on Climate Change

LHV low heating value (kJ/kg)
TGA thermogravimetric analyzer
XRD X-ray diffractometer
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The Chemical Looping with Oxygen Uncoupling (CLOU) process is a type of Chemical Looping Combustion
(CLC) technology that allows the combustion of solid fuels with air, as with conventional combustion,
through the use of oxygen carriers that release gaseous oxygen inside the fuel reactor. The aim of this
work was to study the behaviour of the sulphur present in fuel during CLOU combustion. Experiments
using lignite as fuel were carried out in a continuously operated 1.5 kWy, CLOU unit during more than
15 h. Particles containing 60 wt.% CuO on MgAl,0,4, prepared by spray drying, were used as the oxygen
carrier in the CLOU process. The temperature in the fuel reactor varied between 900 and 935 °C. CO, cap-
ture, combustion efficiency and the sulphur split between fuel and air reactor streams in the process were
analysed. Complete combustion of the fuel to CO, and H,O was found in all experiments. Most of the sul-
phur introduced with the fuel exited as SO, at the fuel reactor outlet, although a small amount of SO, was
measured at the air reactor outlet. The SO, concentration in the air reactor exit flow decreased as the
temperature in the fuel reactor increased. A carbon capture efficiency of 97.6% was achieved at 935 °C,
with 87.9 wt.% of the total sulphur exiting as SO, in the fuel reactor. Both the reactivity and oxygen trans-
port capacity of the oxygen carrier were unaffected during operation with a high sulphur content fuel,
and agglomeration problems did not occur. Predictions were calculated regarding the use of a carbon
separation system in the CLOU process in order to reduce sulphur emissions. Coals with high sulphur
content, such as lignite and anthracite, would require a carbon separation system in order to comply with
legislation governing sulphur-limits. In conclusion, coals with a high sulphur content can be burnt in a
CLOU process using Cu-based material to obtain high carbon capture efficiencies.

© 2013 Elsevier Ltd. All rights reserved.

1. Introduction

The oxygen generated by the oxygen carrier reacts directly with
the solid fuel, which is mixed with the oxygen-carrier in the fuel

The Chemical-Looping with Oxygen Uncoupling (CLOU) process
is a type of Chemical-Looping Combustion (CLC) technology that
allows the combustion of solid fuels with inherent CO, separation
using oxygen-carriers. CLOU technology may be particularly suit-
able for solid fuels, such as coal, petroleum coke and biomass.
CLOU technology takes advantage of the property of a number of
metal oxides for generating gaseous oxygen at high temperatures.

* Corresponding author. Tel.: +34 976 733977; fax: +34 976 733318.
E-mail address: pgayan@icb.csic.es (P. Gayan).

0306-2619/$ - see front matter © 2013 Elsevier Ltd. All rights reserved.
http://dx.doi.org/10.1016/j.apenergy.2013.06.022

reactor. The oxygen carriers for CLOU must first have the ability
to react with oxygen inside the air reactor, and then to release this
oxygen through decomposition inside the fuel reactor. Three metal
oxide systems were found to have suitable properties for use as
oxygen carriers in the CLOU process: CuO/Cu,0, Mn;03/Mn304,
and Co304/CoO [1].

An analysis of the suitability of different Cu-based materials
was previously performed at ICB-CSIC [2,3]. Particles prepared by
several methods with different supporting materials and different
metal oxide contents were tested. Particles of 60 wt.% CuO were
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Nomenclature
F; molar flow of compound i (mol/s)

Senar mass fraction of char in coal (i.e. fix carbon) (-)
i mass fraction of element or compound i in coal (-)

fs.char mass fraction of sulphur in char (-)

Meoal mass-based flow of coal fed into the fuel reactor (kg/s)
Mocrr  mass of solids in the fuel reactor (kg)

M; molecular weight of i compound (kg/mol)

(=r1¢) fractional conversion rate of the char (s71)

SO,em SO, concentration exiting from AR (mg/N m?)

Sash sulphur in ashes (kg/s)

Vair air gas flow exit from the AR (N m>/h)

Xchar carbon conversion in char particles (-)

Greek letters
Nce carbon capture efficiency (-)
Hcss carbon separation system efficiency (-)

Neombrr COmbustion efficiency (-)
¢ Oxygen carrier to fuel ratio (-)

Qcoal stoichiometric mass of O, to convert 1 kg of coal (kg/kg)
Subscripts

AR air reactor

CLC Chemical-Looping Combustion

CLOU Chemical-Looping with Oxygen Uncoupling

FR fuel reactor

LHV low heating value

outFR  outlet stream from fuel reactor

outAR  outlet stream from air reactor

TGA thermogravimetric analyser
XRD X-ray diffractometer

tested in a 1.5 kW, CLOU continuous unit [4], where proof of the
concept of the CLOU process was demonstrated using coal as fuel.
The effect of the coal rank was also analysed [5] in this plant using
a lignite, two bituminous coals and an anthracite. Complete com-
bustion to CO, and H,O was achieved with all the different coals.
However, for low reactivity coals such as anthracite, a carbon sep-
aration system would be needed in the system in order to achieve
high carbon capture efficiencies.

The design of an industrial CLC plant can be affected by the
presence of the S compounds in two ways. From the environmental
perspective, the S fed into the system can be released as SO, in the
air reactor gas outlet stream, and so there must be compliance with
the legislation governing gaseous emissions; it can also be emitted
in the fuel reactor gas stream, thereby affecting the quality of the
CO, and with important consequences for its compression, trans-
port and storage [6,7]. Pipitone and Bolland [8] give some exam-
ples of quality specifications for CO, transport and storage of
some industrial companies currently in force.

From the operational perspective, S compounds may react with
the active metal oxide to form metal sulphides or sulphates, which
can be detrimental to the oxygen carrier, decreasing its reactivity.
Moreover, the low melting point of some S compounds, e.g. 805 °C
for CuSO4 and 1100 °C for Cu,S, could produce agglomerations and
affect the solid circulation pattern between the interconnected flu-
idized-bed reactors.

A small number of studies have been carried out in continuous
units in order to analyse the effect of S using CuO oxygen carriers
under different operating conditions. Forero et al. [9] studied the
fate of S in the combustion of natural gas in a CLC process using
a Cu-based oxygen carrier, with H,S concentrations of up to
1300 vppm. Most of the S in the fuel was found to have been re-
leased as SO, in the fuel reactor under normal operating condi-
tions. The formation of Cu,S or CuSO4 was not detected when
there was excess oxygen in the bed. Nevertheless, despite favour-
able conditions for the formations of Cu,S, no agglomeration prob-
lems were never detected in the fluidized beds.

No studies are currently available regarding the fate of the S and
its effect on the performance of the CLOU process. Therefore, a
study dealing with the effect of the S present in the fuel on the
behaviour of the oxygen carrier and its distribution in the CLOU
system in order to understand the real consequences of this in a
CLOU process using high S content coals is needed.

The aim of this work was to investigate the fate of S in the CLOU
process using a Cu-based oxygen carrier. The experiments were
conducted using a Spanish lignite with high a S content in a

1.5 kWy, continuous unit. The effect of fuel reactor temperature
on the combustion efficiency, carbon capture efficiency and S
distribution were studied. The results obtained are analysed and
discussed in order to be of use for the industrial operation of the
CLOU process.

2. Experimental
2.1. Materials

The material used was a Cu-based oxygen carrier prepared by
spray drying, manufactured by VITO (Flemish Institute for Techno-
logical Research, Belgium). The CuO content of particles was
60 wt.% with a 40 wt.% MgAl,0,4. Particle size was +100-200 pm
[10]. Table 1 shows the main properties of the oxygen carrier.

A Spanish lignite with a high S content was used for CLOU
experiments. The coal particle size used for this study was
+200-300 pm. Table 2 shows the proximate and ultimate analyses
of this coal and its char. Analysis was also performed to determine
the amount of pyritic S in the coal and the total S content of ashes
recovered from the filters of the system.

2.2. Continuous CLOU unit: ICB-CSIC-s1

A schematic view of the CLOU unit is shown in Fig. 1. The set-up
basically consisted of two interconnected fluidized-bed reactors -
the air and fuel reactors - joined by a loop seal, a riser for solids
transport from the air reactor to the fuel reactor, a cyclone separa-
tor and a solids valve to control the solids circulation flow rate in
the system. A diverting solids valve located below the cyclone
separator allowed measurements to be taken of the solids flow
rates at any time. Therefore, this design allowed us to control
and measure the solids circulation flow rate between both reactors.

The fuel reactor consists of a bubbling fluidized bed with a 5 cm
inner diameter and 20 cm bed height. N, was used as the fluidizing

Table 1

Properties of the oxygen carrier Cu60MgAl.
Oxygen transport capacity, Roc (Wt.%) 6
Crushing strength (N) 24
Real density (g/cm?) 4.6
Porosity (%) 16.1
Specific surface area, BET (m?/g) <0.5

XRD main phases CuOMgAl,04
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Table 2
Properties of lignite coal and its char, as received basis.
Lignite Char

C 45.4% 55.8%
H 2.5% 0.4%
N 0.6% 0.5%
S 5.2% 5.03%
0? 8.5% -
Moisture 12.6% 0.52%
Volatile matter 28.6% 1.17%
Fixed carbon 33.6% 54.8%
Ash 25.2% 43.5%
LHV (KJ/kg) 16,250

2 Oxygen to balance.

gas. and the gas flow was 186 Lyh, corresponding to a gas velocity
of 0.11 m/s at 900 °C. The minimum fluidizing velocities of the oxy-
gen carrier particles were 0.006 m/s for the smallest particle size
and 0.023 m/s for the largest. Coal was fed by a screw feeder at
the bottom of the bed, right above the fuel reactor distributor plate,
in order to maximise the time that the fuel and volatile matter
were in contact with the bed material.

The oxidation of the carrier took place in the air reactor, consist-
ing of a bubbling fluidized bed with an 8 cm inner diameter and
10 cm bed height, followed by a riser. The air flow was 1740 Ly/h
(ug=0.40 m/s). In addition, a secondary air flow (240 Ly/h) was
introduced at the top of the bubbling bed to help particle entrain-
ment through a riser. The total oxygen carrier inventory in the sys-
tem was around 2.0 kg, with about 0.5-0.6 kg of this in the fuel
reactor. The amount of solids in the fuel reactor was calculated
from pressure drop measurements in the reactor for each test. De-
tailed information about the plant and the experimental conditions
can be found in [4,5].

CO, CO,, Hy, CHy, SO,, and O, were continuously analysed in the
fuel reactor outlet stream, whereas CO,, CO, SO, and O, were contin-
uously analysed in the air reactor flue gases by means of infrared,
paramagnetic and conductivity analysers. H,S was analysed by GC.

To determine the effect of S on the behaviour of the oxygen car-
rier, several tests were performed under continuous operation. The
fuel reactor temperature was varied between 900 °C and 935 °C.
The temperature in the air reactor was kept at around 900 °C in
all experiments. The solids circulation rate was kept at a mean va-
lue of 3 kg/h, whereas the coal feeding rate was 0.12 kg/h, which
corresponded to an oxygen carrier to fuel ratio, ¢, of 1.2.

To analyse the performance of the CLOU process, the combus-
tion efficiency in the fuel reactor and the carbon capture efficiency
were also calculated. Calculations were based on the molar flow of
every gas analysed, F;, which was determined from the measured
concentration. Mass balances were checked and a closing of about
98% was found for the C balance in all cases.

The combustion efficiency in the fuel reactor was calculated
through the ratio between the oxygen required to fully burn
unconverted gases (CH4, CO and Hj) at the fuel reactor exit and
the oxygen required by coal converted in the fuel reactor. Thus,
the oxygen required by the C bypassed to the air reactor, Fco, ar,
was subtracted from the oxygen required by coal in the denomina-
tor. Therefore, the combustion efficiency in the fuel reactor was
calculated as:

4Fcu, outrr + Feooutrr + Fh, outrr )

ncomb,FR ! MLO-Qcoalmcoal - 2FCO2.outAR

The carbon capture efficiency, #cc, was defined as the fraction of
C initially present in the coal fed into the system which was actu-
ally at the outlet of fuel reactor. This was the actual CO, captured in
the CLOU system; the rest exited together with nitrogen through
the air reactor outlet.

=P Torch

4
Fuel
Reactor
Air
Reactor
Sec.
Air

1"

Air N,

Gas Analysis
0,, COo,, CO, SO,

1.- Fuel Reactor, FR
1 2.- Loop Seal
I 3.- Air Reactor, AR
: 4.- Riser
* 5.- Cyclone

6.- Diverting solids valve 12.- Filter

Torch

Gas Analysis
0,, C0,, CO, H,, CH,,SO,

7.- Solids reservoir
8.- Solids control valve
9.- Fuel feeding system
10.- Screw feeders

11.- Furnace

Fig. 1. Schematic view of the ICB-CSIC-s1 unit for coal-fuelled CLOU (1.5 kW,).
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Fig. 2. Effect of the fuel reactor temperature on the combustion efficiency in the
fuel reactor (@) and carbon capture efficiency (V).

FCOZ JOutAR (2)

Nee=1-
Fco, outir + Fco.outrr 4 Feny outrr + Feo, outar

The mass balance of S was calculated as:

fs - Meoal = Ms(Fso, outrr + Fso,.0utar) + Sash (3)

With the molar flow of SO, exiting from the air reactor and the
total volume gas flow, the concentration of SO, as mg/N m> was
calculated and normalised. EU legislation [11] requires the SO,
concentration to be normalised using 6% O, in the exit stream for
power plants, which contains 15% CO,.

2.3. Batch fluidized-bed reactor

A batch fluidized bed reactor is used to provide a deep analysis
of the evolution of S over time during coal combustion. The exper-
imental work was carried out in a set-up consisting of a fluidized-
bed reactor, a gas feed system, a solid fuel feed system and a gas
analysis system. The reactor - 55mm inner diameter and
700 mm height - was electrically heated by a furnace, and had a
preheating zone just under the distributor plate [12].

A 20 g batch of fuel was burnt in the batch fluidized-bed reactor
using a sand bed with a particle size of +200-300 pum. The total flu-
idizing flow was 200 Ly/h, corresponding to a gas velocity of 0.1 m/
s at the reactor temperature, which is three times the minimum

100
FR
o a——=
< 801 -——
5
2 60
=
2
=
B 40
2 40
o~
3
20 - ——
——
AR
0 T T T
900 910 920 930 940

FR Temperature (°C)

Fig. 3. S distribution in the continuous CLOU plant at the fuel reactor (M) and air
reactor (@) outlets.

fluidization velocity of largest sand particles. The bed was heated
in Ny until 925 °C. The volatile products were burnt in an after-
burner reactor using a 7% O, concentration. Char combustion was
carried out at 925 °C using 2.5% O,. A relatively low O, concentra-
tion was used to simulate fuel reactor conditions in the CLOU unit,
where there was a much lower O, concentration than that found in
a typical air-fired combustor. SO,, CO, and CO gas concentrations
were continuously measured.

3. Results
3.1. Combustion behaviour

During 15 h of combustion operation, no CH,, CO, H,S or Hp
were detected in the gases exiting from the fuel reactor. The possi-
ble presence of tars or light hydrocarbons was also analysed. For
one experiment with conditions kept constant for more than two
hours, tar measurements in the fuel reactor were taken using a
tar protocol [13,14]. The results showed that there were no tars,
i.e. no hydrocarbons heavier than Cs, in the fuel reactor outlet flow.
Thus, CO,, H,0, SO, and O, were the main gases, together the N,
introduced as fluidizing gas, exiting the fuel reactor. Therefore, vol-
atiles were fully converted into CO, and H,O0 in the fuel reactor by
reaction with the oxygen released from CuO decomposition. In
addition, the oxygen release rate was high enough to supply an ex-
cess of gaseous oxygen (O;) exiting together with the combustion
gases at equilibrium concentration at each temperature, with the
oxygen concentration at equilibrium conditions being 1.7% at
910 °C, 2.4% at 925 °C, 3.0% at 935 °C.

Fig. 2 shows the effect of the fuel reactor temperature on com-
bustion and carbon capture efficiencies. It can be seen that com-
plete combustion to CO, and H,O was always achieved. The
carbon capture efficiency increased when the fuel reactor temper-
ature increased because of an increase in the char combustion rate.
Thus, less char was transferred to the air reactor.

3.2. Sulphur emissions

Fig. 3 shows the distribution of S between both reactor exits as a
function of the fuel reactor temperature. It can be seen that the S
mainly exited as SO, in the fuel reactor stream and that the
amount increased with increasing temperature, with a correspond-
ing decrease in the amount of SO, exiting from the air reactor. This
effect was due to increases in char conversion and therefore more S

2000
1500

1000

400

20 oMo

900 910 920 930 940
FR Temperature (°C)

AR SO, emissions (mgINm3)

Fig. 4. Effect of the fuel reactor temperature on SO, emissions normalised at 6% O,
in the air reactor: (¥) measures in CLOU unit and (M) calculated using a uniform S
release during char conversion; EU legal SO, emission limit (---).
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being released in the fuel reactor and less S being transferred with
the char to the air reactor. SO, concentration in the fuel reactor
(dry basis) varied between 2400 ppmv at 910 °C and 3000 ppmv
at 935 °C.

Fig. 4 shows SO, emissions in the air reactor in normalised mg/
Nm? as a function of the fuel reactor temperature. The EU SO,
emission limits for new coal power plants (>300 MWy,) are also de-
picted [11]. It can be seen that SO, emissions in the air reactor de-
creased with increasing temperature. This effect was due to more
char being converted in the fuel reactor as the temperature in-
creased. Although, the SO, concentration exiting the air reactor
stream was lower than 10% of the total S fed at 935 °C, the value
of the SO, emission was still too high and exceeded the EU legal
limit of 200 mg/N m>. Note that direct combustion of this coal with
air would have produced SO, emissions of >20,000 mg/N m>.

The amount of char transferred to the air reactor could be deter-
mined from the char conversion values measured in the fuel reac-
tor. Therefore, the S emitted as SO, in the air reactor could be
calculated, assuming a S/C ratio that was constant and equal to
the analysis of the nascent char, Fig. 4 shows the corresponding
SO, emissions assuming a constant S/C ratio in char throughout
the combustion time of the char in the fuel reactor. As can be seen,
these calculated SO, emissions are much lower than the measured
ones. This fact could be due to two different effects: S was trans-
ferred to the air reactor in the oxygen carrier particles by S reaction
with Cu, or S was concentrated in the unburnt char transferred to
the air reactor.

To analyse whether the S was concentrated in the char, a de-
tailed study of the S release during char combustion was carried
out in the batch fluidized-bed reactor installation. Fig. 5 shows
the profiles of C and SO, gas concentration at the outlet of the
batch reactor during pyrolysis and followed by combustion of the
generated char. The mass balance of the exiting gases indicates
that 43.1 wt.% of the S exited from the devolatilization and that
56.9 wt.% exited during the char combustion. On the one hand, it
can be seen that the S and C in the volatiles evolved at the same
rate during devolatilization. However, the S and C profiles were dif-
ferent during char combustion. During char combustion, the SO,
generation rate was at its peak when almost all the C in the char
had been burnt. At this time, the S/C ratio in the char increased
by a factor of 10 with respect to the S/C ratio measured in the char
analysis. This behaviour could be explained as a result of the high
pyritic S (2 wt.%) present in this lignite. At a low O, concentration
environment, as was the case in the CLOU process, there is compe-
tition for oxygen between the C and the pyritic S. As a conse-
quence, C combustion is favoured over pyrite oxidation [15].
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Fig. 5. Gas outlet concentrations of C(-) and SO, (---) from the batch fluidized-bed
reactor. Heating: N,. Combustion: 2.5% O, in Na.

These results show that the pyritic S present in fuel can affect S
emissions from the air reactor of a CLOU system. Thus the S/C in
the char passing to the air reactor was higher than that found in
the nascent char, and the S emissions from the air reactor were
higher than expected. The analysis performed on the collected
fines recovered in the different filters of the plant shows that the
S/C ratio changed from 0.09 (nascent char) to 1 in the unburnt char
exiting the fuel-reactor, owing to the presence of pyritic S.

Fig. 6 shows the splitting of the total S in the continuous plant
between gas and solids streams. A major S emission came from the
fuel reactor stream in the form of SO,. The S balance in the fuel and
air reactor gas outlet closed at ~50-55 wt.%. Fines recovered from
the filters of the fuel and air reactors showed high S concentrations
that has been taken into account in the global S balance. Fig. 6 also
shows the amount of S detected in the ashes in the form of pyritic S
in both solid reactor streams. Between 8 and 11 wt.% of the total
fed S was in the form of unburned pyritic S. Moreover, it is known
that the presence of CaO in the lignite ashes enables the self-reten-
tion of S during combustion through the formation of CaSO,4 [16].
In this way, Fig. 6 also shows the amount of S in the ashes produced
by self-retention; between 10 and 15 wt.% of the total S fed into the
system was retained in this way. Taking the S in both gas and solid
phases into account, the S balance closure was approximately
80 wt.%. A possible fate for the rest of S could be accumulation in
the oxygen carrier particles. If so, a S content of 0.3 wt.% would
be present in oxygen carrier particles, which is below the detection
level for XRD or SEM-EDX measurements.

3.3. Oxygen carrier behaviour

After 15 h of continuous operation at high temperatures and
with a high S content fuel, the oxygen carrier did not show any
agglomeration problems.

Samples of oxygen carrier exposed to 15 h of continuous oper-
ation were taken from the fuel reactor and analysed by TGA and
XRD to determine if there was S retention in the oxygen carrier.
Fig. 7 shows the reactivity of the fresh and used samples. It can
be seen that both samples exhibited the same reactivity for reduc-
tion and oxidation. Also the oxygen transport capacity of the oxy-
gen carrier was not affected. The high S concentration during 15 h
did not affect the reactivity of the oxygen carrier. Also, XRD analy-
sis did not show any S compounds in the oxygen carrier, although
they could have been below the detection level.
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Fig. 6. S splitting in the continuous CLOU plant. &: fuel reactor gas outlet; [3: air
reactor gas outlet; [[l: pyritic S in ashes; and g§: self-retention by ashes.
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4. Discussion

A number of considerations can be drawn from the results of
this work. To comply with the EU legal limits with regard to the
SO, emission from the air reactor using high S content fuels, differ-
ent modifications can be made to the system: (1) reducing the
pyritic S content in the fuel to reduce the amount of S transferred
with the char to the air reactor; (2) increasing the fuel reactor tem-
perature; (3) increasing the solids inventory so as to increase the
char conversion in the fuel reactor; or (4) the use of a carbon
separation system to decrease the amount of char transferred to
the air reactor. Reducing the pyritic S may not be achievable at
an industrial scale. Increasing the solids inventory would increase
the cost of the process. Increasing the fuel reactor temperature can
increase char conversion and oxidation of the pyritic S; however,
temperature restrictions up to 950 °C are assumed in the fuel
reactor in order to prevent high O, concentrations at the fuel
reactor outlet.

In a previous work [5], optimisation of the CLOU process was
carried out by means of a carbon separation system to maximise
the CO, capture efficiency using the minimum solid inventory. A
similar analysis can now be made in order to evaluate the effect
of the use of a carbon separation system in the CLOU process in
relation to SO, emissions in the air reactor.

S emissions in the air reactor directly depend on the transfer of
S content in char particles to the air reactor. A carbon separation
system can be used to improve char conversion in the fuel reactor.

2500

This system allows the separation of char and oxygen carrier
particles by entrainment. In this way, the char is transported back
to the fuel-reactor to improve char conversion, whereas oxygen
carrier particles are sent to the air reactor. So, as the C flow to
the air reactor is reduced, so too are the SO, emissions in the air
reactor.

When considering a carbon separation system, char conversion
can be calculated as a function of carbon separation system effi-
ciency as follows [17]:

Moc(1 — Ness)
(=1¢) - Mocrr + Moc(1 — Ness)

Xchar =1- (4)
where ¢ is the oxygen carrier flow rate, #css is the carbon sepa-
ration system efficiency, (—r¢) the fractional conversion rate of char
and mocrr the mass of oxygen carrier in the fuel reactor. The SO,
emission from the air reactor is related to the char conversion in
the fuel reactor. Note that in the CLOU process, gas coming from
the air reactor is the only stream emitted into the atmosphere. Thus
SO, emission was calculated with the following equation:

_ mcoal 'fchar 'fS.Char ) (1 — Xchar) 106

Soz,em Vo

()

In this equation, 11y is the kg/s needed to feed 1 MWy, of coal
into the fuel reactor, fschar is the amount of S present in the fixed C
and V,;; the volume of air needed to burn 1 MWy, of coal. For our
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Fig. 8. SO, emissions as a function of the fuel reactor inventory for lignite at three different efficiencies of the carbon separation system and three temperatures in the fuel
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preliminary estimation, a uniform S release was assumed during
char combustion, i.e. a S/C ratio that was constant and equal to that
of the nascent char.

Using Eqs. (4) and (5), it was possible to analyse the effect of the
oxygen carrier inventory and the efficiency of carbon separation
system on SO, emissions in air reactor, once the value of (—r¢)
was known. The char conversion rate at 925 °C was 4.4%/s for lig-
nite. This value was obtained by Adanez et al. in a study for the
combustion of different types of coals in a CLOU process [5].

Fig. 8a—c shows the estimated SO, emissions as a function of the
fuel reactor inventory using this lignite when a carbon separation
system with different carbon separation efficiencies (#ccs= 0%,
50% and 90%) was considered at 909 (a), 935 (b) and 950 °C (c).
As can be seen in Fig. 8a, where the carbon separation system effi-
ciency (#ccs) is given, the SO, emission decreased when the oxygen
carrier inventory increased due to the increase in the residence
time of solids in the fuel reactor. For the same reason, where #ccs
increased, more char returned to the fuel reactor, increasing its res-
idence time. As a consequence, SO, emission decreased with #ccs.
The effect of the carbon separation system was very great, partic-
ularly at the lowest temperatures and lowest oxygen carrier inven-
tories in the fuel reactor.

Predictions have been made in a similar way considering differ-
ent fuels. A medium volatile bituminous coal (MVB) with 0.9 wt.% S
and an anthracite with 1.3 wt.% S were evaluated. In a previous
work [5], the rates of char combustion of these coals were deter-
mined in the CLOU unit. The char conversion rate at 925 °C was
3.3%/s for MVB and 0.4%/s for the anthracite.

Fig. 9a and b shows the SO, emission as a function of the fuel
reactor inventory for these coals (lignite, anthracite and MVB) at
930 °C when a carbon separation system is considered (90%) or
not (0%). In Fig. 9a shows that coals with high reactivity and low
S content, e.g. MVB, would comply with the legislation without a
carbon separation system using low solid inventories. On the other
hand, a carbon separation system is necessary for coals with a very
high S content (lignite) or low reactivity (anthracite) in order to
comply with the EU legal limit, with low inventories in the fuel
reactor.

These results were obtained assuming that the ratio S/C ratio in
the char was constant throughout the entire combustion period. As
shown in this work, the presence of pyritic S in the char affected
the SO, emissions in the air reactor. Therefore, coals with high
pyritic S contents require an increase in oxygen carrier inventories
in the fuel reactor, in relation to those shown in Figs. 8 and 9, to
increase the residence time in the fuel reactor in order to fully burn
the pyritic S.

5. Conclusions

In this work, 15 h of continuous operation in a CLOU unit was
carried out with a high S lignite (5.2 wt.% S) using a Cu-based oxy-
gen carrier. Complete combustion of CO, and H,O was obtained
and high carbon capture efficiency (96% at 935 °C) was achieved.
Most of the S present in the coal was released as SO, in the fuel
reactor. Only a small fraction was transferred to the air reactor
and emitted, although emissions higher than 200 mg/N m? were
found. The emissions may have been due to a non-uniform S re-
lease during char combustion resulting from the presence of pyritic
S in this coal (2 wt.%).

The oxygen carrier particles never showed agglomeration prob-
lems. In addition, the oxygen carrier reactivity remained constant.

The use of a carbon separation system to comply with EU legal
SO, emission limits was evaluated with different coals. It was
found that the carbon separation system was not necessary with
coals with high reactivity and low S contents. The use of a high effi-
ciency carbon separation system (#ef = 90%) would enable compli-
ance with the SO, emission requirements even for coals with high
S contents (lignite) or low reactivity (anthracite).
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Abstract

Chemical-Looping Combustion, CLC, is one of the most promising processes to capture CO, at a low cost. It is based
on the transfer of the oxygen from air to the fuel by using a solid oxygen carrier that circulates between two
interconnected fluidized-bed reactors: fuel and air reactors. The CO, capture is inherent to this process, as the air does
not get mixed with the fuel. In this work two options are evaluated in a 1 kW, continuously operated unit for coal
fueled Chemical-Looping. The first one is the gasification of coal in the fuel reactor —in-situ Gasification Chemical-
Looping Combustion (iG-CLC)—. Ilmenite or a bauxite waste material is used as oxygen carrier. The second one is
the combustion of coal in the fuel reactor by using oxygen carriers which release gaseous oxygen —Chemical-Looping
with Oxygen Uncoupling (CLOU)—-. A Cu-based material is used in this mode. Coals ranging from anthracite to
lignite were used. Complete combustion was always reached in CLOU mode, whereas unburnt compounds were
present in iG-CLC. Both in iG-CLC and CLOU processes the CO, capture increased with temperature and decreased
with the coal rank. The highest CO, capture rate was obtained for lignite, being 93% for iG-CLC and 99% for CLOU,
even without a carbon separation system. The key aspects for the good performance of iG-CLC and CLOU processes
are analyzed through the performance results obtained with different coals.
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1. Introduction

Chemical-Looping Combustion (CLC) is one of the most promising technologies to carry out CO,
capture at low cost. A CLC system is based on the use of an oxygen carrier which transfers the oxygen
necessary for the fuel combustion from the air to the fuel. Frequently, a CLC system is composed by two
interconnected fluidized bed reactors, the air reactor and the fuel reactor, and the oxygen carrier
circulating between them. In CLC, the fuel is introduced to the fuel reactor where it is converted by the
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oxygen carrier to produce CO, and H,O. The spent oxygen carrier must be transported to the air reactor to
be oxidized by air and then start a new cycle. The CO, capture is inherent to this process, as the air does
not get mixed with the fuel. A review of CLC processes has been recently done by Adanez et al. [1].

The use of coal in CLC is very attractive in future sceneries with restriction in CO, emissions, since
coal will keep on being a main energy source in the medium-term. In the so-called solid fuelled-CLC the
solid fuel is physically mixed with the oxygen carrier in the fuel reactor. Two options have been proposed,
depending on how the solid fuel is converted. The in-situ Gasification Chemical-Looping Combustion
(iG-CLC) involves the in-situ gasification of the fuel in the fuel reactor by H,O and/or CO, [2]. The
gasification step is the limiting step in the coal conversion in the fuel reactor. To overcome the slow
gasification stage in the iG-CLC, the Chemical-Looping with Oxygen Uncoupling (CLOU) process was
proposed by Mattisson and coworkers [3]. In CLOU an oxygen carriers that dissociated to produce
gaseous oxygen is used, so the solid fuel conversion goes via fast combustion. Moreover, in CLOU the
fluidization gas can be recycled CO,, reducing in this way the steam duty of the plant and energy penalty.

The main reactions involved in each process are depicted in Fig. 1. The most relevant chemical
processes during coal conversion in the iG-CLC process are showed in reactions (1-4), and the
corresponding processes for the CLOU mode includes reaction (1), followed by (5-6). Both in iG-CLC
and CLOU the char must be highly converted in the fuel reactor to avoid leaking of char particles to the
air reactor where they would be burnt with air. This fact would reduce the CO, capture efficiency because
CO, emitted from the air reactor is not captured. As a consequence of the ashes present in the solid fuel it
is necessary the draining of ashes from the system to avoid its accumulation in the reactors. However, the
drain stream will also contain some amount of oxygen carrier. Thus, a partial loss together with the fuel
ashes is expected and low cost materials or materials readily separable from the ashes are desirable.

Coal — Volatile matter + Char(C) (1)

Char(C) + H,O — H, + CO )

Char(C) + CO, — 2CO 3)

H,, CO, Volatile matter + n Me,O, — CO, + H,O + n Me,Oy, 4)

Me,O, — Me,O,.; +%0, %)

Char(C) + Volatile matter + (n+m/2) O, — nCO, + m H,O (6)
CO, COz

H,0 H,0

CO,
Oxygen- Carrlc 'é
Volatiles Char
Volatlles
0,
Coal\l . Char N\ . 3
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Fig. 1. Main processes involved in fuel reactor for the iG-CLC and CLOU modes.
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Mainly low cost materials have been analyzed for the iG-CLC process by several authors [1]. The most
used material was ilmenite, which is a mineral mainly composed of FeTiOs;. There are an interesting
number of recent studies showing an acceptable performance of ilmenite as oxygen carrier in CLC. Leion
et al. [4] analyzed the reactivity of ilmenite in a batch fluidized bed, obtaining high conversion of CO and
H, but moderate conversion of CHy. Adanez et al. [5] found that ilmenite gains reactivity with the redox
cycles, and eventually the reactivity was maintained constant. Good performance of ilmenite has been
proven for iG-CLC with coal in continuously operated units ranging from 500 Wy, [6] to 10 kW, [7]. The
effect of the operating variables on the iG-CLC was investigated by Cuadrat et al. [8,9] working with
coals of different rank from lignite to anthracite. Temperatures above 1000 °C [7] and values of the
oxygen carrier to fuel ratios slightly above the stoichiometric value are beneficial to maximize the carbon
capture in the iG-CLC process [8]. Recently it has started the use of ilmenite in a 100kWy, unit at
Chalmers University of Technology [10] and 1 MW, unit at TU Darmstadt [11].

In the CLOU process, the material used as oxygen carrier must have suitable thermodynamic properties
for oxygen uncoupling. Three metal oxide systems have been so far identified: CuO/Cu,O, Mn,O3/Mn;04,
and Co304/CoO [3]. In general, Cu-based materials have faster release of oxygen than Mn-based particles
[12]. From a screening study, a Cu-based oxygen carrier 60 wt.% CuO supported on MgAL,O4 was
selected according to its high reactivity, low attrition rate and avoidance of agglomeration during
successive redox cycles [13]. This material was used to demonstrate the proof of CLOU concept with coal
in a 1.5 kWy, unit located at ICB-CSIC (Spain) [14]. The temperature (900-960°C), coal feeding rate and
solids circulation flow rate was varied to analyze the effect of the kinetics of the processes, the solids
inventory per MWy, and the residence time of particles in the fuel reactor, respectively, on the CLOU
performance. In all cases, unburnt volatile matter was not present in the fuel reactor outlet, which was
composed by CO, and H,O with the equilibrium O, concentration at the operating temperature. Coal
conversion in the fuel reactor was limited by the char combustion, which was mainly affected by the
temperature and the mean residence time. In spite of the lack of carbon stripper in the CLOU unit, the
carbon capture was always higher than 97% even when the solids inventory was as low as 235 kg/MW,,.

The objective of this work is to do a comprehensive comparison of the i{G-CLC and CLOU processes
based on the experimental results obtained with different coals in the CLC-CLOU unit existing in ICB-
CSIC. Results obtained at several fuel reactor temperatures and with different type of coals are used, and a
discussion based on the carbon capture and combustion efficiency is done.

2. Experimental
2.1. Materials

Two materials are used as oxygen carriers for iG-CLC: ilmenite and a Fe-enriched sand fraction (71
wt.% Fe,03) from bauxite digestion (Fe-ESF). Ilmenite was initially activated during 3 hours of
continuous operation [6]. The Fe-ESF was supplied by Alcoa Europe-Alumina Espafiola S.A. Prior to its
use, the sample was calcined at 1200°C for stabilization purposes. The material used for CLOU mode was
a Cu-based oxygen carrier prepared by spray drying (Cu60MgAl). Oxygen carrier particles were
manufactured by VITO (Flemish Institute for Technological Research, Belgium). The CuO content was
60 wt.%. Details about composition and physical properties of these materials are shown in Table 1 and
references [6,14,15].

Three different coals were used for iG-CLC and CLOU experiments. A Lignite from Teruel basin
(Spain), a Bituminous coal from South Africa, and an Anthracite from El Bierzo (Spain) were used with
the aim to cover a wide range of coals. Main properties of selected coals are showed in Table 2. The coal
particle size used for this study was +0.2—0.3 mm with all fuels.
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Table 1. Characterization of oxygen carrier particles.

Ilmenite Fe-ESF Cu60MgAl
XRD main phases Fe,TiOs, Fe,0s5, TiO, Fe,0;, B-ALO; CuO, MgAl,0,4
Particle diameter (um) +150-300 +150-300 +100-200
Crushing strength (N) 2.0 2.8 2.4
Oxygen transport capacity, Roc, (%) 39 2.4 6.0
Porosity (%) 18.0 3.7 16.1
Skeletal density (kg/m’) 4200 4500 4600
Specific surface area, BET (m?/g) 0.4 0.1 0.5
Table 2. Properties of coals used in this work.
Anthracite Bituminous Lignite

Proximate Analysis (wt.%)

Moisture 1.0 4.2 12.6

Volatile matter 7.5 25.5 28.6

Fixed carbon 59.9 55.9 33.6

Ash 31.6 14.4 252

Ultimate Analysis (wt.%)

C 60.7 69.3 45.4

H 2.1 39 2.5

N 0.9 1.9 0.6

S 1.3 0.9 52

LHV (kJ/kg) 21900 25500 16250

2.2. Experimental set-up

A schematic view of the experimental set-up is shown in Fig. 2. The set-up was basically composed of
two interconnected fluidized-bed reactors joined by a loop seal, a riser for solids transport from the air
reactor to the fuel reactor, a cyclone and a solids valve to control the solids circulation flow rate between
both reactors. A diverting solids valve located below the cyclone allowed the measurement of the solids
flow rates at any time. Thus, this design allowed us to control and measure the solids circulation flow rate.
The gas velocity at 900°C in the fuel-reactor was 11 cm/s and 60 cm/s for the air-reactor. Coal is fed in by
a two-step screw feeder at the bottom of the bed right above the fuel reactor distribution plate in order to
maximize the time that the fuel and volatile matter is in contact with the bed material. The ash particles
remaining after char combustion were not retained by the cyclone and were collected in a reservoir down-
stream. Thus, ashes were not accumulated in the system. The absence of a carbon stripper facilitates the
interpretation of the effect of these operational conditions on the results obtained, specially the effect of
the mean residence time. CO, CO,, H,, CH,, and O, were analyzed in the exiting streams from the air and
fuel reactors. Higher hydrocarbons (C2-C5) were analyzed by chromatography and the amount of tar was
analyzed following a tar protocol. More information is given in [6,14].
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Fig. 2. Schematic diagram of the ICB-CSIC-s1 facility for coal-fuelled iG-CLC and CLOU.

The performance of the iG-CLC and CLOU processes is assessed by evaluating two parameters: the
carbon capture efficiency and the combustion efficiency in the fuel reactor. The carbon capture efficiency,
Nce, 1s defined as the fraction of carbon exiting in the fuel reactor outlet gas stream. The combustion
efficiency in the fuel reactor is defined as the percentage of the oxygen demanded by the effective coal
that is supplied by the oxygen carrier in the fuel reactor.

Nee = (FC”4 + FCO + FCOZ )omFR
“ (F cH, +F cot Ff 0, )ou[["R + (FCOz )oulAR v

—1- (4Fn, +Feo + Fi),
Neombrr = 20, - Z(FCO2 )WMR (8)

Q.1 being the he stoichiometric mol of O, to convert 1 kg of coal to CO, and H,O.
3. Results

In the iG-CLC mode, ilmenite was mainly used as oxygen carrier, whereas Cu60MgAl material was
used for CLOU. To consider specific characteristics of both processes, different residence times in the
fuel reactor were used, around 16 min in iG-CLC (~1500 kg/MW,) while 7 min were used for CLOU
(~900 kg/MW,). Additional experiments were carried out in i{G-CLC mode using Fe-ESF with anthracite
as fuel. In this case, mean residence time of solids in the fuel reactor was 11 min (2000 kg/MWy,).

Differences between iG-CLC and CLOU are evident when results are compared. Fig. 3 shows the
comparison on the carbon capture efficiency obtained for different coals as a function of the fuel reactor
temperature. As much for iG-CLC as for CLOU the carbon capture was higher when the temperature was
increased because the gasification or combustion rate was enhanced. Carbon capture is much higher in
CLOU because the char is converted faster when it is burnt with gaseous O, than when it is gasified by
H,0. In both iG-CLC and CLOU, the type of coal affected to the carbon capture efficiency.
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Fig. 4. Combustion efficiency in iG-CLC or CLOU as a function of the fuel reactor temperature.

In general, the carbon capture followed the order Lignite > Bituminous > Anthracite. Since the carbon
from the volatiles exits with the fuel reactor outlet stream, that fraction of carbon is always captured.
Thus, the carbon capture efficiency depends on the fraction of carbon in the volatile matter and on the
char conversion rate. So, less reactive coals gave lower carbon capture. More in detail, the type of coal
showed a high effect on the carbon capture in i(G-CLC with ilmenite. So, at 920°C the carbon capture was
as high as 93% with Lignite and it was reduced to 58% and 40% with the Bituminous coal and Anthracite,
respectively. In the CLOU mode high carbon capture efficiency was obtained for Lignite and Bituminous
coal (Nce = 97% at 935°C with both coals). Nevertheless, lower values were obtained for Anthracite (ncc
= 84% at 940°C).

Experiments in iG-CLC mode were carried out with anthracite using a more reactive material: Fe-ESF.
In this case, the carbon capture was lower than with ilmenite. The main factor affecting the carbon capture
was the lower residence time of solids in the fuel reactor with Fe-ESF. This fact was because the higher
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solids circulation rate with Fe-ESF due to its lower oxygen transport capacity compared to ilmenite, see
Table 1. The oxygen carrier reactivity would have little influence on the carbon capture efficiency [16].

The Lignite showed the highest carbon capture efficiency, being the difference obtained between iG-
CLC and CLOU of low relevance at high temperatures. On the contrary, Bituminous coal and Anthracite
showed higher differences when iG-CLC and CLOU performance was compared.

Fig. 4 shows the combustion efficiency in the fuel reactor for all fuels tested at the different
temperatures in iG-CLC and CLOU modes. Results on CLOU with the Cu-based oxygen carrier showed
that full combustion of coal to CO, and H,O was reached for all coals tested. On the contrary, unburnt
gases exit from the fuel reactor in iG-CLC with ilmenite; CHy, CO and H, were the only unburnt
compounds found. Any tarry material or higher hydrocarbons were fully converted by the oxygen carrier.
Correspondingly the combustion efficiency was lower than 100%. The combustion efficiency in iG-CLC
mode was higher for solid fuels with lower volatile content, but it was slightly affected by the reactor
temperature. Also, the use of a more reactive oxygen carrier in iG-CLC mode, as Fe-ESF is, increased the
combustion efficiency in 9%, see Fig. 4(c). Note that a higher solids inventory was used per MWy, with
Fe-ESF, which can contribute to an increase in the range 3-6% in the combustion efficiency [16,17], the
rest being attributable to the higher reactivity of Fe-ESF. But the low values of combustion efficiency in
iG-CLC are not fully justified by the reactivity of the oxygen carrier. Ilmenite has enough high reactivity
to fully convert gasification products to CO, and H,O [5]. However, unburnt compounds in CLC with
coal mainly proceed from volatiles generated during coal devolatilization [6]. This fact explains the higher
value of combustion efficiency found for anthracite, which was due to the lower volatile content of this
fuel. So, the way that gases are converted in iG-CLC or CLOU has influence on combustion. In iG-CLC
volatiles must diffuse until solids to react, whereas in CLOU oxygen from oxygen carrier reacts in gas
phase with gases. This is a more effective way for gas conversion.

4. Discussion

The carbon capture efficiency, the combustion efficiency in the fuel reactor and the separation of ash
from the oxygen carrier are the key factors that must be maximized for the development of an optimized
iG-CLC or CLOU process. From results above showed, the combustion efficiency was complete for the
CLOU mode, whereas unburnt compounds were always present in iG-CLC both with ilmenite or Fe-ESF
as oxygen carrier. In CLOU mode, complete combustion would be still possible even lowering the solids
inventory to 60 kg/MWy, [18]. On the contrary, in iG-CLC it is not worth to increase the solids inventory
above 2000 kg/MWy, to improve the combustion efficiency [16]. Different possibilities have been
proposed to process the unburnt compounds. The use of a more reactive oxygen carrier has a residual
effect on this improvement, unless the gain in reactivity is important [17]. A second fuel reactor
downstream where exhaust gases are fed can be used. From a preliminary study, a solids inventory of 45
kg/MW,, should be necessary in the second reactor [16] to reach complete combustion of gases. Improve
the gas-solid contact in the fuel reactor or the separation and recirculation of unburnt compounds can be
also other options. Finally, if any of the above solution becomes valid, an oxygen polishing step could be
added to the fuel reactor down-stream. Thus, unburnt components are fully burnt to CO, and H,O with
pure oxygen, being necessary an air separation unit (ASU) of small size. In conditions in the ICB-CSICs]
unit, the oxygen demand was 5-9% of the oxygen required by coal combustion with ilmenite; some lower
(3-7%) with Fe-ESP as oxgyen carrier. In CLOU process, oxygen polishing would not be required but
fuel reactor gases contains some oxygen which has to be taken into account.

The carbon capture efficiency was higher for CLOU process than for iG-CLC. No further actions
would be needed to reach values of ncc = 98% when high reactive coals are used in CLOU. However, the
residence time of char should be increased when low reactive coals are used in CLOU, but in any case for
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the iG-CLC mode. The carbon capture efficiency was limited by the char conversion rate in the fuel
reactor. Table 3 shows the char conversion rate in the fuel reactor for different coals and processes. Model
simulations indicated the relevance of a carbon separation system (e.g. a carbon stripper) on the carbon
capture efficiencies [19]. The carbon stripper separates char particles away from oxygen carrier particles
which are returned to the fuel reactor, whereas oxygen carrier particles are left to pass to the air reactor
with minor amounts of char.

Table 3. Carbon capture efficiency, combustion efficiency in the fuel reactor and char conversion rate obtained using
ilmenite or Fe-ESF in iG-CLC or Cu60MgAl in CLOU with several coals. T = 930°C.

Anthracite Bituminous Lignite

Ilmenite ~ Fe-ESF ~ Cu60MgAl IImenite Cu60MgAl Ilmenite ~ Cu60MgAl

Solids inventory (kg/MW,) 1400 2000 900 1380 1000 1770 850
Mean residence time (min) 16 11 7 16 7 16 7

Carbon Capture (%) 42 20 80 60 98 93 98
Combustion efficiency FR (%) 85 94 100 75 100 76 100
Char conversion rate (%/min) 3.7 3.6 40 5.0 360 55 400

Considering a carbon separation system, the carbon capture efficiency can be calculated as a function
of the carbon separation system efficiency (ncss), the solids inventory in the fuel reactor (m, ), the solids
circulation flow rate (71, ), the carbon content (f¢) and fixed carbon (f¢4) in coal [20].
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Fig. 5. Efficiency of the carbon stripper required for a carbon capture of 98% as a function of the solids inventory in
the fuel reactor for iG-CLC and CLOU processes. Trr = 930°C. Oxygen carrier to fuel ratio: ¢ = 1.5.
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Thus, the solids inventory and the efficiency of the carbon separation system can be calculated to
obtain a certain value of the carbon capture efficiency for every oxygen carrier-coal pair. Fig. 5 shows the
efficiency of the carbon stripper (ncss) required to reach a carbon capture of nec = 98% for different
coals. The ncss value required decreases as the solids inventory in the fuel reactor increases. Nevertheless,
it is necessary a highly efficient carbon stripper (ncss>98%) in the iG-CLC mode with low reactive coals
(bituminous and anthracite) if the solids inventory was limited to 2000 kg/MWy, at maximum. Lower is
the requirement for the carbon striper using lignite in i{G-CLC or in the CLOU mode. It is worthy to note
that 60 kg/MWy, of Cu60MgAl material in CLOU mode should be enough to avoid unburnt compounds
from the fuel reactor. However, a higher solids inventory is required depending on the efficiency of the
carbon separation system. Thus, if a carbon stripper is not present, 1000-1500 kg/MW,, should be
necessary to reach a carbon capture efficiency of 98% in CLOU with lignite or bituminous coal.

The use of CLOU process for solid fuel combustion using oxygen carriers that can release oxygen at
high temperature is a promising alternative to iG-CLC which does not need an oxygen polishing step and
reach very high carbon capture efficiencies specially with reactive coals. A cornerstone in the successful
development of CLOU process is the oxygen carrier material. It is necessary the development of resistant
and cheap materials with CLOU properties that can be easily separated from coal ashes.

5. Conclusions

The performance regarding the carbon capture and combustion efficiency for CLOU was better than
for iG-CLC. Whereas complete combustion was reached in CLOU mode, the incomplete combustion in
iG-CLC process requires the use of additional actions, e.g. an oxygen polishing step. The characteristics
of coal have an important effect on combustion and gasification processes and it is expected that also
affect to i{G-CLC and CLOU processes. The use of coals with high volatile content or highly reactive
during the gasification or combustion reaction enhances the carbon capture efficiency of the process. In
order to reach high carbon capture efficiency, the existence of the carbon separation system is imperative
in the /G-CLC mode for all type of coals and in CLOU mode with low reactive coals, e.g. anthracite.
Nevertheless, the use of a carbon separation system is also recommended in CLOU mode with lignite or
bituminous coal.
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The kinetic of reduction of CuO to Cu,0 with N, + O, mixtures and the oxidation of Cu,0 to CuO with O,
of a Cu-based oxygen carrier for the CLOU process has been determined in a TGA. For kinetic determina-
tion, the O, concentrations were varied between 0 and 9 vol.% for reduction, and between 21 and 1.5 vol.%
for oxidation reactions; temperature was varied between 1148 and 1273 K for the reduction and between
1123 and 1273 K for the oxidation. The oxygen carrier showed high reactivity both in oxidation and
reduction reactions. The nucleation and nuclei growth model with chemical reaction control properly
described the evolution of solids conversion with time. The Langmuir-Hinshelwood model was able to
describe the effect of oxygen concentration on reduction and oxidation rates. The reaction order was

CLOU 0.5 for reduction and 1.2 for the oxidation. The kinetic constant activation energies were 270 k] mol~!

Copper
Kinetic

for the reduction and 32 k] mol~! for the oxidation. The kinetic model was used to calculate the solids
inventory needed in the fuel reactor for complete combustion of three different rank coals. It was possible

to use a low oxygen carrier inventory in the fuel reactor (160 kg/MWy,) to supply the oxygen required to
full lignite combustion. However, to reach high CO, capture efficiencies (>95%), oxygen carrier invento-
ries in fuel reactor higher than 600 kg/MW,, were needed with the lignite.

© 2014 Elsevier B.V. All rights reserved.

1. Introduction

Chemical Looping with Oxygen Uncoupling (CLOU) was pro-
posed by Mattisson et al. [1] as an efficient way to burn solid fuels
with CO, capture avoiding the slow gasification step happening in
the fuel reactor of a Chemical Looping Combustion (CLC) unit,
which was usually required for converting carbon in char into gas-
eous compounds. CLOU process is based on CLC technology where
the oxygen is transferred to the fuel by an oxygen carrier that
circulates between two reactors; fuel and air reactors. CLOU
process is based on the use of oxygen carrier materials which
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release gaseous oxygen and thereby allowing the solid fuel to burn
with gas phase oxygen. These materials can be also regenerated at
high temperatures in the air reactor. CuO, Mn,03; and Cos;04 have
been identified as possible metal oxides with the property of
release oxygen [1].

Fig. 1 shows a schematic diagram of a CLOU system. The fuel is
physically mixed with the oxygen carrier in the fuel reactor. In the
fuel reactor the fuel conversion is produced by different reactions.
First the oxygen carrier releases oxygen according to:

2Me,0, < 2Me,0,_1 + O, (1)
and the solid fuel begins to devolatilize producing a carbonaceous

solid residue (char, mainly composed by carbon and ash) and vola-
tile matter as gas product:


http://crossmark.crossref.org/dialog/?doi=10.1016/j.cej.2014.06.102&domain=pdf
http://dx.doi.org/10.1016/j.cej.2014.06.102
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Notation

Symbolsaactive sites in the particles surface (—)

G
Ccoal
Cﬁx
Co,
CO2 .eq
Co, 0x

Co, Red

c
Co

E;
E;

kD
kRed
ko

kOx

K Red
k/Ox
K'Red.0

K ox0

M;

Meoql

Mc Fr

carbon concentration in the fuel reactor (mol s™!)
carbon concentration in the coal (kg kg™')

carbon concentration in the fixed carbon (kg kg™!)
oxygen concentration (mol m—3)

oxygen concentration at equilibrium conditions
(mol m~3)

oxygen concentration during oxidation reaction
(mol m~3)

oxygen concentration during reduction reaction
(mol m~3)

adsorption rate constant ((m> mol 1))
preexponential factor of adsorption rate constant ((m> -
m01—1)]/n)

global activation energy (] mol~1), Eq. (6)

kinetic activation energy (J mol™'), Eq. (7)

activation energy of parameter ¢ (J mol™')

activation energy of char combustion reaction (J mol~!)
activation energy of oxidation reaction (J mol~')
activation energy of reduction reaction (] mol~!)
thermodynamic activation energy (] mol™'), Eq. (5)
molar flow of compound i (mol s~1)

mass fraction of carbon in solid in the fuel reactor (-)
mass fraction of fix carbon in coal (-)

mass fraction of carbon in volatiles (—)

equilibrium constant of the chemical decomposition
and adsorbed O, (-)

equilibrium constant of the desorption of adsorbed O,
(-)

equilibrium constant of the adsorption of O, over the
surface of Cu,0 (—)

equilibrium constant of the oxidation of Cu,O to CuO
(=)

kinetic parameter for simulation process (s~'), Eq. (37)
kinetic constant (s~ 1), Eq. (6)

kinetic constant (m~—> mol~'s™1), Eq. (7)

chemical reaction rate constant for the forward process
in Cu0-Cu,0 equilibrium (molm—2s~1)

chemical reaction rate constant for the backward pro-
cess in CuO-Cu,0 equilibrium (s 1)

constant desorption rate of adsorbed 0, (s7!)

c0n15tant adsorption rate of O, over the surface of Cu,0
(s7)

chemical reaction rate constant for the reduction of CuO
to Cu,0 (kgm2s71)

preexponential factor of chemical reaction rate constant
for the char combustion (m® mol~'s1)

chemical reaction rate constant for the oxidation of
Cu,0 to CuO (kgm~2s71)

effective chemical reaction rate constant for the reduc-
tion of CuO to Cu,0 (s 1)

effective chemical reaction rate constant for the oxida-
tion of Cu,0 to CuO ((m> mol 1)"/" s 1)

preexponential factor of chemical reaction rate constant
for the reduction of CuO to Cu,0 (s71)

preexponential factor of chemical reaction rate constant
for the oxidation of Cu,0 to CuO ((m® mol ")!/"s™1)
atomic or molecular weight of i elements or compound
(kg mol™1)

mass of the sample at each time in TGA (kg)
mass-based flow of coal fed-into the fuel reactor
(kgs™)

carbon inventory in the fuel reactor (kg MWg!)

Mo stoichiometric mass of O, to convert 1kg of coal
(kgkg™")

Moc solids circulation rate (kg s~! MWg!)

Moc; oxygen carrier inventory in the reactor i (kg MWg!)

Mox mass of the oxygen carrier sample fully oxidized (kg)

Mred mass of the oxygen carrier sample fully reduced (kg)

Ms R mass of solids in the fuel reactor (kg)

N nucleation reaction order (—)

n Langmuir-Hinshelwood reaction order (—)

n reaction order (—)

p reaction order for char combustion (—)

R, gas constant (8.314J mol~' K1)

Roc oxygen transport capability (—)

(—To,)c conversion rate of the char (sh

)

2

: 21

,)..s OXygen release in gas stream (s~ ') .

—To,)oc OXygen release rate of the oxygen carrier (s™h
2)

|
-
o

conversion rate of the volatiles (s™')
Tox)oc OXygen carrier oxidation rate (s~1)
—TI'red)oc OXygen carrier reduction rate (s ')

|
-
)

Scuo specific surface area of CuO (m? kg™1)

T temperature (K)

t reaction time necessary to reach oxygen carrier com-
plete conversion (s)

tm mean residence time of the oxygen carrier particles in
the fuel reactor (s)

X solid conversion (—)

Xc char conversion (—)

Xg gas conversion at the air reactor (-)

Xgin gas conversion at the air reactor inlet flow (-)

Xgout gas conversion at the air reactor outlet flow (-)

Xreajnrr  inlet mean oxygen carrier reduction conversion to the
fuel reactor (—)

XRed oxygen carrier reduction conversion (—)
Xox oxygen carrier oxidation conversion (—)
Yo, mo!ar_ fraction of oxygen (—) .

AX variation of the gases conversion

AXoc variation of the oxygen carrier conversion

Greek letters

e carbon capture efficiency (—)

Hcss efficiency of the carbon stripper (—)

¢ characteristic reactivity (—)

0 fraction of active sites occupied by O, (—)
Acronyms

BET Brunauer-Emmett-Teller

BFBR batch fluidized bed reactor

CLAS Chemical Looping Air Separation

CLC Chemical Looping Combustion

CLOU Chemical Looping with Oxygen Uncoupling
FBR fix bed reactor

HRB high reactive bituminous coal
LHV low heating value (k] kg~ ')
LVB low volatile bituminous coal
TGA thermogravimetric analyser

XRD X-ray diffractometer

Subscripts

AR air reactor

C,char  carbon in the coal char
C,coal carbon in the coal
C,vol carbon in the volatiles
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FR fuel reactor Red reduction reaction
ocC oxygen carrier
[0)4 oxidation reaction
N, +0,) CO, + H,0 > CO, co,
Air Fuel H,0()
Reactor Reactor
Coal
Air
Fig. 1. Schematic layout of the CLOU system.
Solid fuel — Volatile matter + Char(C) (2) the CLC and the CLOU process is that in CLOU process the oxygen

Then, volatiles and char are burnt as in usual combustion with
gaseous oxygen according to reactions (3) and (4):

Volatile matter + O, — CO; + H,0 (3)

Char(C) + O, — CO, + ash (4)

After steam condensation, a pure CO, stream is obtained from
the fuel reactor. The reduced oxygen carrier is transported to the
air reactor, where the oxygen carrier is regenerated to the initial
oxidation stage with the oxygen of the air to be ready for a new
cycle. Ideally, the exit stream of the air reactor contains only N,
and unreacted O,. The heat release over the fuel and air reactors
is the same as for conventional combustion. Therefore CLOU pro-
cess has a low energy penalty for CO, separation and low CO, cap-
ture costs are expected.

Up to date, several materials have been proposed to be used as
oxygen carriers in the CLOU process. Cu-based [2-4] and Mn-based
materials mixed with Ca, Mg, Cu, Ni, Fe or Si [5] have focused great
attention. Adanez et al. [6] and Mattisson [7]| summarize the oxy-
gen carrier developed for CLOU and the facilities where have been
tested. However, the proof of the concept of CLOU process burning
coal in a continuous unit has been only demonstrated with a Cu-
based oxygen carrier [8]. This oxygen carrier, consists of 60 wt.%
of CuO and 40 wt.% MgAIl,0,4 prepared by spray drying [8,9], and
it was named as Cu60MgAl. The effect of the coal rank was also
analysed [10] in the CLOU unit using one anthracite, two bitumi-
nous coals, a lignite with high sulphur content [11] and biomass
[12]. Complete combustion using a solids inventory in the fuel
reactor of 235 kg/MW,;, was reached. In conjunction, values close
to 100% of carbon capture efficiency were obtained at 1233 K with
reactive coals and biomass. In all cases, the oxygen carrier particles
showed good behaviour, as reactivity was unchanged and agglom-
eration problems did not occur.

For the design of the air and fuel reactors of a CLOU unit it is
necessary to know the kinetic of oxidation and reduction rates of
the oxygen carrier together with the kinetic of coal combustion
reactions in the operation window for CLOU process. Previous
kinetic studies of Cu-based oxygen carriers were mainly carried
out in the window of CLC conditions, in a range of temperature
between 723 and 1073 K [13]. This temperature interval is lower
than that needed in CLOU process. The main difference between

carrier reduction is from CuO to Cu,0. This reaction is favoured
at high temperatures as can be seen with the equilibrium diagram
in Fig. 2, being the oxygen concentration at equilibrium a function
of the temperature as:

101325

0,.eq — TKeq
= % exp(22 —2.993-10°T' —1.048 -10°T%)  (5)
g

Thermodynamic equilibrium set the temperatures and oxygen
concentrations suitable for the CLOU process. So, the oxygen con-
centration at equilibrium conditions must be high enough to allow
the O, release in the fuel reactor and also the combustion of the
fuel at the fuel reactor temperature. Moreover, the oxygen carrier
must be able to oxidize by oxygen in the air reactor, but the oxygen
concentration should be as low as possible in order to maximize
the oxygen utilization. For example, with Cu-based materials the
temperatures should be between 1173 and 1223 K in both reactors
[8,10] corresponding to oxygen concentration values at equilib-
rium conditions of 1.4 and 4.2 vol.%, respectively.

At high temperature and in an atmosphere with oxygen concen-
tration lower than the equilibrium, the CuO is reduced to Cu,0O

20

CuO
15 -

Cu,O
10 - “2

Oxygen equilibrium (vol%)

0 T T T T T
1150 1200 1250 1300 1350
T (K)

Fig. 2. Equilibrium oxygen concentration over the CuO/Cu,0 system as a function
of temperature.
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generating gaseous oxygen. This fact makes that the oxygen con-
centration at equilibrium a thermodynamic restriction in the
reduction reaction affecting to the reduction rate. Thus, the oxygen
concentration must be in a range from 0 to the oxygen equilibrium
concentration in the fuel reactor. Furthermore, in the CLOU process
the reduction stops at Cu,O instead of at Cu, allowing to work at
higher temperatures in CLOU than in CLC without the risk of oxy-
gen carrier agglomeration by melting (Tysion = 1508 K for Cu,0 and
1357 K for Cu). Oxidation would be carried out at the air reactor in
an oxygen concentration range between 21 vol.% O, and the oxy-
gen equilibrium concentration.

There are some studies on the reduction, or oxygen uncoupling,
and oxidation kinetic for Cu-based materials. Table 1 shows a
resume of the main kinetic parameters studied in the literature
for CLOU or similar processes for the reduction and oxidation reac-
tions; also the oxygen carrier (CuO content, support and prepara-
tion method) and the model used were shown. Most of the
works were focused on the evaluation of the effect of temperature
on reaction rate, thus calculating the activation energy of the pro-
cess. Two types of reaction rate equations have been used to repre-
sent the CuO oxygen uncoupling and Cu,0 oxidation reaction for
the CLOU process [14,15]:

(=Tred)oc = k1 - f(X) (6)

(*rRed)oc = k2 . (Coz‘eq - COZ)H/ f(X) (7)

It can be seen that in Eq. (6) the reduction rate only depends on
temperature (included in the kinetic constant) and on oxygen car-
rier conversion, f{X). On the other hand, reaction rate also depends
on the oxygen concentration in Eq. (7). Different values for the acti-
vation energy were obtained either Eq. (6) or (7) was considered.

Thus, a global activation energy (E;) for k; in Eq. (6) was calculated
when the effect of temperature on both the chemical reaction bar-
rier and the thermodynamic barrier was considered. But the kinetic
activation energy was calculated for k; in Eq. (7), which separates
the thermodynamic barrier (E,) from the chemical reaction barrier
(E2).

Egs. (6) and (7) are also valid for the oxidation reaction consid-
ering the oxidation reaction rate, (rox)oc, €an be calculated by
(Fox)oc = (=1)" (—Tred)oc- If the reaction order is n’ ~ 1, the global
activation energy for k; can be calculated approximately as
Ei ~ E5 + Ew, being Ew, = 255-10% J/mol in Eq. (5). It can be seen that
different values for the activation energy were obtained either Eq.
(6) or (7) was considered. Thus, a global activation energy (E;) for
k, in Eq. (6) was calculated when the effect of temperature on both
the chemical reaction barrier and the thermodynamic barrier was
considered jointly. But kinetic activation energy due to chemical
reaction barrier (E;) calculated for k; in Eq. (7) was decoupled from
the thermodynamic barrier (Ey,) considered by the oxygen concen-
tration at equilibrium condition.

Respect to the reduction, Chadda et al. [16] did an analysis of
the copper oxide capacity of storage chemical energy for a process
similar to CLOU. They studied the same reaction of decomposition
of CuO in a range of temperatures from 1033 to 1183 K. In this
work, a global activation energy of 313 kJ/mol for the decomposi-
tion reaction was found. Eyring et al. [17] studied the reduction
kinetic for a pure CuO oxygen carrier in a TGA. They obtained a
value of the activation energy for the reduction of 327 kJ/mol using
an empirical first order reaction, developed for their purposes of
modelling.

Similar results were found by Clayton and Whitty [15]. They
determined in a TGA the reduction kinetic rate for two different

Table 1
Relevant kinetic studies for CLOU conditions on CuO reduction and Cu,0 oxidation.
Oxygen carrier  Support Preparation method®  dp (um) Facility® T (K) E,4 (kJ/mol) Model Ref.
(wt.% Cu0) Global Kinetic
Reduction
Pure - - 10 TGA 1033-1183 313 - First order [14]
Pure - - 104-152 TGA 1123-1233 327 - First order [17]
40 MgAl,04 FG 125-180 bFBR 1123-1173 139 - Avrami-Erofeev (N = 2) [22]
42 SiC I 105-150 TGA 1123-1223 220 - First order [20]
60 Si0, MM 200-315 TGA 1073-1223 145 - Avrami-Erofeev (N = 3) [21]
20 Si0, W <45 TGA 1173-1273 170 - First order [19]
75-125 bFBR
125-210 FxBR
18 Si0, I 106-150 TGA 1073-1173 315 - Avrami-Erofeev (N = 2) [18]
1173-1248 176
60 TiO, MM 200-315 TGA 1073-1223 155 - Avrami-Erofeev (N = 3) [21]
50 TiO, MM <45 TGA 1173-1273 180 - First order [19]
75-125 bFBR
125-210 FxBR
50 TiO, MM <45 TGA 1073-1173 284 58 First order [15]
60 Zr0, MM 200-315 TGA 1073-1223 153 - Avrami-Erofeev (N = 3) [21]
55 ZrO, FG <45 TGA 1073-1273 147 - First order [19]
75-125 bFBR
125-210 FxBR
45 ZrO, FG <45 TGA 1048-1198 264 67 First order [15]
40 Zr0, FG 125-180 bFBR 1173-1258 281 20 First order [14]
Oxidation
Pure - - Disc (5 mm i.d) TGA >1173 173-98 - First order [23]
Pure - - 10 TGA 673-773 76.5 - First order [14]
18 SiO, I 106-150 TGA 1073-1173 3 - Phase boundary reaction (N=2)  [18]
1173-1248  -43
55 Zr0, FG <45 TGA 1123-1273 - 202 First order [19]
75-125 bFBR
125-210 FxBR
2 Key for preparation method: I = impregnation; IW = incipient wetness; MM = mechanical mixing; FG = freeze granulation.

b Key for facility: bFBR = batch fluidized bed reactor; FxBR = fixed bed reactor; TGA = thermogravimetric analyzer.

¢ i.d = Inner diameter.
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Cu-based oxygen carriers: 50 wt.% CuO/TiO; and 45 wt.% CuO/ZrO,,
prepared by mechanical mixing and freeze granulation respec-
tively. The global activation energies determined were 284 kJj/mol
(CuO/TiO,) and 264 kJ/mol (CuO/ZrO,). These values were slightly
lower than the values obtained by Chadda et al. [16,17] or Eyring
et al. [16,17], but they were still high when compared to results
from others.

Song et al. [18] studied in a TGA the kinetic of a Cu-based oxy-
gen carrier with 18 wt.% of CuO supported on SiO,, prepared by
impregnation for the Chemical Looping Air Separation (CLAS) pro-
cess, which uses the same oxygen uncoupling property of some
metal oxides to separate oxygen from air. They considered the best
model to be the Avramie-Erofeev nucleation model (N =2) with
two different zones as a function of the temperature range, for
temperatures between 1073 and 1173 K the global activation
energy was 315KkJ/mol and in the range 1173-1248 K they
obtained a value of 176 kJ/mol. This suggests that the temperature
could affect to the calculated activation energy. This behaviour was
also found for a CuO (50 wt.%) oxygen carrier with TiO, as support-
ing material [19]. Thus, an activation energy of 284 kJ/mol was
found in the 1073-1173 K temperature interval [15], but it was
lower (180 kJ/mol) if the range of temperature was increased to
1173-1273 K [19]. The same authors reported average activation
energy for a Cu-based material supported on ZrO, of 147 kj/mol
in the temperature interval of 1073-1273 K [19], but also a
decrease in the activation energy with temperature could be seen
from the Arrhenius plot they showed. Similarly, Peterson et al.
[20] prepared Cu-based oxygen carrier materials by impregnation
on SiC. They obtained a value of global activation energy for an
oxygen carrier with 42 wt.% of CuO in the middle interval
(220 kJ/mol) when the temperature was varied from 1123 to
1223 K.

However, other authors have determined activation energy val-
ues in the lower range at the low temperature interval, and even
high activation energy values in the upper temperature interval;
see Table 1. The reasons for obtaining high or low activation energy
values are not clear. Thus, comparing results obtained with similar
materials, e.g. Cu-based oxygen carriers with copper content in the
range 40-60 wt.% and using ZrO, as inert material, activation
energy values ranged from 147 to 281 kJ/mol [14,15,19,21]. Never-
theless, the global activation energy was calculated to be in the
lower range in most of the works. Arjmand et al. [22] studied the
kinetic in a batch fluidized bed reactor of a Cu-based oxygen carrier
(40 wt.% of CuO and 60 wt.% MgAl,0,) prepared by freeze granula-
tion. They obtained a value of the global activation energy of
139 kJ/mol using the Avrami-Erofeev model (N =2). Wang et al.
[21] studied the reduction reaction kinetic using three Cu-based
oxygen carrier with 60 wt.% of CuO and 40 wt.% of three different
supports (ZrO,, TiO, and SiO;) for CLAS process. The oxygen carri-
ers were prepared by mechanical mixing and tested in a TGA. They
obtained a value of the global activation energy of 153 kJ/mol
(Cu0/Zr0,), 155 KkJ/mol (CuO/TiO,) and 145 kJ/mol (CuO/SiO,)
and they proposed to use the Avrami-Erofeev model (N = 3). Sim-
ilar global activation energy value of 170 kJ/mol was found for a
CuO/SiO, material by Whitty and Clayton [19].

Also, the equipment used for reactivity investigation seems to
be of low relevance. For example, Whitty and Clayton [19] studied
the effect of the temperature in the reduction of three Cu-based
oxygen carriers: 20 wt.% CuO/SiO,, 50 wt.% CuO/TiO, and 55 wt.%
CuO/ZrO,, prepared by incipient wetness, mechanical mixing and
freeze granulation, respectively. They tested the oxygen carriers
in 3 different reactor types (TGA, fluidized bed reactor and fixed
bed reactor) obtaining similar results with the three facilities.

If the kinetic and the thermodynamically barriers were sepa-
rated, lower values of the kinetic activation energies were deter-
mined, as result of including the temperature effect on the

thermodynamic barrier; see Eq. (7). Thus, the following values
for the kinetic activation energy has been reported: 58 kJ/mol
[15] for CuO/TiO,, and 67 k]/mol [15] or 20 kJ/mol [14] for CuO/
ZI'OQ.

Moreover, Clayton and Whitty [15] studied the reaction order
with respect to the oxygen partial pressure; they observed that
the reaction rate decreased as the driving force decreased, and with
an unexpected great decrease when the oxygen partial pressure
was near the equilibrium pressure. However, only experiments
far from the O, equilibrium were considered to obtain a reaction
order of 1. Sahir et al. [14] calculated the reaction order with
respect to CuO and obtained a value of 0.

Respect to the oxidation rate, Chadda et al. [16] did an analysis
of the capacity of chemical energy storage with copper materials
during the oxidation of Cu,0 in a range of temperatures form
673 to 773 K. In this work, an activation energy value of 76.5 K]/
mol for oxidation was found. Zhu et al. [23] reviewed the oxidation
rate of a Cu plate of very high purity in a high range of tempera-
tures from 623 to 1323 K, for metallurgic purposes. They conclude
that at high temperatures (>1173 K, typical for CLOU operation)
lattice diffusion controlled the copper oxidation, and the activation
energy were between 173 and 98 kJ/mol as a function of the forma-
tion of a double- or single-layer respectively.

Also, some works have studied the kinetic behaviour during
oxidation of Cu,0 for CLC. Peterson et al. [20] observed that the
oxidation rate decreased somewhat when the temperature
increases, due to the decrease of the driving force, i.e. the differ-
ence (Co, — Co,eq)- Whitty and Clayton [19] obtained an activation
energy of 202 kJ/mol in the temperature interval of 1123-1273 K
when the driving force was maintained constant, which suggests
that the activation energy of the thermodynamic barrier is some
higher than the kinetic activation energy. The activation energy
calculated by Whitty and Clayton [19] was higher than the values
obtained by Zhu et al. [23]. They blame this higher apparent acti-
vation energy due to the presence of defects in the material that
inhibits the lateral grown of the CuO grains [23]. Finally, Song
et al. [18] studied the oxidation of different Cu-based oxygen car-
riers prepared by dry impregnation for CLAS (18, 29 and 48 wt.%
of CuO). They evaluated the effect of the temperature in the oxida-
tion rate, obtaining two different zones respect to the activation
energy: in the range of 1073-1173 K the activation energy is posi-
tive with a value of 3 kJ/mol, but at temperatures in the 1173-
1248 K interval the value of the activation energy is —43 kJ/mol.
They considered that the negative value is due to both the thermo-
dynamic barriers of the Cu,0 oxidation and the high diffusional
barrier caused by the sintering effects at high temperatures
[18,23]. Also, they considered that the best model to describe the
oxidation rate is a Boundary reaction model. Using this model they
analysed the effect of the oxygen partial pressure during the oxida-
tion and they obtained a reaction order for the oxygen partial pres-
sure of 0.5. However, they use O, partial pressures far from the
equilibrium partial pressure. Whitty and Clayton, [19] observed
the oxidation rate decreased when the O, concentration decreased,
but lower than they expected when the 0, concentration
approached to equilibrium. Chuang et al. [24] studied the oxidation
kinetic with a CuO/Al,03 oxygen carrier prepared by co-precipita-
tion in a fluidized bed reactor. They studied the reaction order for
the oxygen concentration and they observed that the order varied
with the O, concentration. They explain that this behaviour is typ-
ical when the reaction rate is controlled by a Langmuir-Hinshel-
wood mechanism.

As a conclusion, very disperse values for the kinetic data of Cu-
based materials for CLOU were found. These data were found from
studies analyzing only temperature dependency or oxygen concen-
tration but far away from equilibrium conditions. For these rea-
sons, it is necessary to analyze the effect of temperature and
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oxygen concentration on oxidation and reduction reactions in a
broad range of operation values.

The aim of this work was to determine the kinetic of reduction
in N,-0, mixtures and oxidation reactions with O, of a Cu-based
oxygen carrier (Cu60MgAl) prepared by spray drying in the range
of operation of the CLOU process. This material has been previously
used to successfully prove the CLOU concept with several solid
fuels. The effect of O, concentration and temperature was investi-
gated both for oxygen uncoupling and oxidation processes in TGA.
The kinetic parameters obtained were used to determine the solids
inventories needed in a CLOU system working with this Cu-based
oxygen carrier. Kinetic parameters obtained in this work can be
implemented in a design and optimization tool for CLOU process.

2. Experimental
2.1. The Cu-based oxygen carrier

The oxygen carrier used in this work was a Cu-based material
prepared by spray drying. Oxygen carrier particles were manufac-
tured by VITO (Flemish Institute for Technological Research, Bel-
gium) using CuO (Panreac, PRS) and MgAl,0,4 spinel (Baikowski,
S30CR) as raw materials. The particles were calcined 24 h at
1373 K. The CuO content was 60 wt.%. The particle size of the oxy-
gen carrier was +0.1 to 0.3 mm. From now on, the oxygen carrier is
named as Cu60MgAl. Table 2 shows the main properties of this
material, which were presented in previous works [2,8-11,25].

The oxygen transport capacity, Roc, is an important characteris-
tic of the oxygen carrier. Roc has relevance on the solids circulation
rate and solids inventory in a CLC unit [26]. Roc was calculated in
TGA in nitrogen atmosphere as Roc = (MMox — MRed)/Mox, beING Moy
the mass of fully oxidized particles and mgeq in the reduced form
after oxygen uncoupling, i.e. when all CuO has been reduced to
Cu,0.

Preliminary results showed that this material has adequate val-
ues of reactivity and oxygen transport capacity in fluidized-bed
conditions [9,25]. High combustion rates with complete combus-
tion to CO, and H,O were obtained with this material using a
low solids inventory in the fuel reactor of a CLOU unit burning dif-
ferent types of coal and biomass [8,10].

2.2. Experimental set-up

Multicycle tests to analyze the reactivity of the oxygen carrier
during successive reduction-oxidation cycles were carried out in
a TGA (I Electronics type described elsewhere [2]. The desired
mass of oxygen carrier was loaded in a platinum wired mesh bas-
ket (14 mm diameter and 8 mm height). Initially, to establish
whether thermodynamic limitations, external film mass transfer
and/or inter-particle diffusion were affecting the reaction rate,
the sample weight and the gas flow rate were varied in the range
of 40-100 mg and from 10 to 40 NL/h. The composition of the
gas flow were pure N, for the reduction and air for the oxidation.

It was found that using a sample mass lower than 70 mg, the con-
trol of gas diffusion inside the particles was avoided. On the other
hand, it was found that the reaction rate was not controlled by
interparticle diffusion or diffusion through the gas film around
the particle when N, flow was higher than 20 NL/h. Therefore,
gas flow rate of 25 NL/h and 50 mg of solids were used to reduce
mass transfer resistance around the solid sample. As it was shown
by Gayan et al., [2], the use of these conditions ensured the mini-
mization of external film mass transfer and/or inter-particle diffu-
sion effects in the TGA. Moreover, the temperature in the reaction
zone can greatly affect to the reaction rate and it was carefully
checked. Deviations lower than 2 K were found in all cases during
the reaction period. Moreover, previous studies showed that oxy-
gen carrier particles can be considered isothermal during reduction
or oxidation [27].

The sample was heated to the set operating temperature in air
atmosphere. After stabilization, the experiment started by expos-
ing the oxygen carrier to alternating reducing and oxidizing condi-
tions. The experiments were carried out at temperatures between
1123 and 1273 K for the reduction and oxidation reactions. These
temperatures were selected as a function of the thermodynamic
equilibrium of the CuO/Cu,0 system, as shown in Fig. 2, being this
temperature interval of interest for fuel and air reactors in CLOU
process [8,10].

The reaction gas mixture was composed by O, and N, in differ-
ent relations for the reduction and oxidation. Table 3 summarizes
both temperature and oxygen concentrations used for reduction
and oxidation tests. For the reduction, the amount of O, varied
from O to 9 vol.%. In the case of the oxidation, the oxidation reac-
tion was carried out after reducing the oxygen carrier in Ny at
1273 K and the concentration of O, was varied between 21 and
2.5 vol.%. These conditions allowed studying the effect of the oxy-
gen concentration far away and near the equilibrium conditions.
Three cycles of reduction and oxidation were carried out for each
experiment. In all cases, reaction rate was stable during cycles.
Conversion vs. time curves showed in this work corresponded to
the third cycle of each experimental condition.

2.3. Data evaluation

The release of O, (reduction of CuO) and the oxidation of Cu,0 is
given by the following equilibrium:

4Cu0s2Cu,0 + 0, 8)

The oxygen carrier conversion was calculated for the reduction and
oxidation as:

Xpeg = —2— = 9

Red Mox — MRed ( )
Mox — M

Xox=1-— 10

0 Mox — MRed 19

Table 3
Experimental conditions for TGA tests. O, concentrations at thermodynamic equilib-
rium also shown.

Table 2 Reduction Oxidation

Properties of the oxygen carrier CuOMgAL T(K)  yo,(%) Yo,e(%)  T(K) o, (%) Y0,.eq(%)
CuO content (wWt.%) 60 1123 21 0.4
Oxygen transport capacity, Roc (wt.%) 6 1148 O 0.8 1148 21 0.8
Crushing strength (N) 2.4 1173 0 14 1173 21,11,9,4,2.5 14
Skeletal density (kg/m?) 4600 1198 0 2.4 1198 21 2.4
Porosity (%) 16.1 1223 0,1.5,25 4.2 1223 21 4.2
Specific surface area, BET (m?/g) <0.5 1248 0,1.5,4 7.0 1248 21 7.0
XRD main phases CuO, MgAl,04 1273 0,15,4,6,8,9 11.6 1273 21 11.6

" Reduction from CuO to Cu,O.

" N, to balance.
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being m the mass of sample at each time, moy is the mass of the
sample fully oxidized and mgeq is the mass of the sample in the
reduced form, i.e. when copper was in the Cu,O form.

The reaction rate for both, reduction and oxidation, are calcu-
lated from TGA conversion data using the following expressions:

dX Red

(=TRed)oc = ROCT (11)
dXox
(ox)oc = Roc ¢ (12)

3. Results

To obtain the reduction and oxidation kinetic, TGA tests were
carried out varying the temperature and the oxygen concentration
in a wide range of values, from faraway of the equilibrium to values
near the equilibrium.

3.1. TGA results for oxygen uncoupling (CuO to Cu0)

Fig. 3(a) shows conversion versus time curves for the Cu60MgAl
oxygen carrier for different temperatures between 1148 and
1273 K, using pure N, in the reacting environment during the
reduction, and a O, concentration equal to 0 vol.%. It can be seen
that when the temperature increases, the reduction rate increases.
Considering reduction rate given by Eq. (7), reaction rate increased
with temperature because the increase of the kinetic constant and
the oxygen driving force. Often, this effect is expressed by means of
the difference between the oxygen concentration at equilibrium
and the oxygen concentration in the system surrounding of the
particles, i.e. (Co,eq — Co,). Thus, the reduction rate depends on
the O, concentration at the external surface of the particles and
the O, concentration at equilibrium conditions, which also
increases with temperature following Eq. (5).

Fig. 3(b) shows the conversion versus time curves obtained for
the Cu60MgAl oxygen carrier for three different temperatures dur-
ing the reduction, using a concentration of 1.5 vol.% of O, in Na. It
can be observed that these curves were slower than the curves at
the same temperature without oxygen. This figure confirms that
the reaction rate decreases when the driving force decreases due
to the approaching of the O, concentration to the equilibrium
concentration.

To analyse the effect of the oxygen concentration on the
reduction rate, Fig. 4 shows conversion vs. time curves for oxygen

(@) 1.0 —upm
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0.6

conversion

0.4 O 1148K
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400 600
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Fig. 4. Effect of oxygen concentration (vol.%) at 1273 K on the oxygen carrier
reduction, using N, + O, mixtures. Symbols, experimental data; continuous line,
model predictions.

reduction reaction of Cub0MgAl obtained for O, concentration val-
ues from 0 to 9 vol.% at 1273 K. This interval of O, concentration
has been chosen due to the maximum O, concentration is limited
by the O, concentration at equilibrium condition, e.g. 12 vol.% at
1273 K; so O, concentration during TGA test was lower than equi-
librium concentration. The oxygen uncoupling rate decreases when
the O, concentration increases due to the decrease in the driving
force of the reaction. This decrease was more pronounced when
the O, partial pressure was close to the equilibrium concentration.
Moreover, it was not possible to detect a change in the mass of the
sample in the TGA when the O, concentration was very close to the
equilibrium (y,, > 9 vol.%), because the reaction rate was very
slow. This behaviour was also described by Clayton and Whitty
[15], during the reduction when the driving force was close to zero.

3.2. TGA results for oxidation (Cuy0 to CuO)

Fig. 5(a) shows conversion vs. time curves obtained for oxida-
tion of Cu,0 in reduced oxygen carrier samples at oxygen concen-
tration values from 21 to 2.5 vol.% at 1173 K. The oxidation rate
was fast when the oxygen concentration was much higher than
the oxygen concentration at equilibrium conditions, but quickly
decreases as the oxygen concentration approach to the equilibrium
concentration. This effect also was observed by Whitty and Clayton
[19] when the driving force of the oxidation reaction decreased.
Fig. 5(b) shows conversion vs. times curves for the Cu60MgAl oxy-
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Fig. 3. Effect of temperature (a) y,, =0 vol.%, and (b) y,, = 1.5 vol.%, on the oxygen carrier reduction rate using N,. Symbols, experimental data; continuous line, model

predictions.
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Fig. 5. Effect of (a) O, concentration (vol.%) at 1173 K and (b) temperature with a y,, =21 vol.%, on the oxygen carrier oxidation. Symbols, experimental data; continuous line,

model predictions.

gen carrier for different temperatures between 1123 and 1273 K,
using air as reactant gas. It can be seen that reaction rate decreased
when the temperature increased, being the slowest the reaction at
1273 K, due to the decrease in the driving force of the reaction,
which in this case is (Co, — Co,.eq)- SO, the oxygen driving force
decreases as temperature increases due to Co,eq increases with
temperature. This behaviour was observed by Zhu et al. [23] for
the oxidation of pure copper, but with an additional reason to jus-
tify their results. They considered that the decrease in the oxida-
tion rate with the temperature was due to the high diffusional
barrier caused by the sintering effects at high temperatures, addi-
tionally to the thermodynamic barriers of the Cu,0 oxidation.

3.3. Kinetic information from conversion curves

With the different conversion vs. time curves obtained for the
reduction and oxidation as a function of the temperature, it was
possible to obtain the evolution of the reaction rate with solids
conversion. The maximum values calculated for every curve was
used to obtain the global activation energy for the reduction and
oxidation rates from the Arrhenius plot; see Fig. 6. The calculated
value of the global activation energy for the reduction reaction
was 245 kJ/mol, which is in the same order than the values
obtained by Sahir et al. [14] with a oxygen carrier 40 wt.% of CuO
supported by ZrO, (281 kJ/mol), Peterson et al. [20] for a material
with 42 wt.% CuO being SiC the support (220 k]J/mol), and Clayton
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Fig. 6. Arrhenius plots to calculate global activation energy in Eq. (6): @, reduction;
A, oxidation; for the Cu60MgAL.

and Whitty [15] for two Cu-based oxygen carriers with a 50 wt.%
and 45 wt.% of CuO supported on TiO, (284 kJ/mol) and ZrO,
(264 KkJ/mol), respectively.

Following the same procedure, a value for the apparent activa-
tion energy of —37 kJ/mol was calculated for the oxidation reac-
tion; see Fig. 6. This value is similar to the value obtained by
Song et al. [18], who calculated a negative apparent activation
energy of —43 kJ/mol in the range of temperature 1173-1248 K.

Moreover, from the conversion vs. time curves obtained at dif-
ferent oxygen concentrations, some information can be extracted
about the reaction order with respect to the oxygen concentration
considering Eq. (7). Fig. 7(a) shows the curve of the In (—Tgeq)oc as a
function of the In (Co,.eq — Co,). Considering Eq. (7), the reaction
order corresponded to the slope in Fig. 7(a). However, a constant
slope cannot be calculated, which means that the reaction order
changed with the oxygen concentration. Considering results
showed in Fig. 7(a), an expression for the effect of oxygen concen-
tration such Eq. (7), i.e. f(Cg) = (Co,.eq — COZ)"', seemed to be not
valid when a wide range of values of oxygen concentration was
considered.

Similarly to the analysis of the reduction period, Fig. 7(b) shows
the reaction rate as a function of the oxygen concentration. In this
case a constant slope can be calculated. Therefore, the reaction
order does not depend on the oxygen concentration, and it was
found a n’ value of 1. However, Chuang et al. [24] observed a
change in the reaction order with the oxygen concentration for
the oxidation of a Cu-based oxygen carrier, similarly to what we
found for the reduction in this work. Chuang et al. [24] suggested
that this behaviour can be explained by using a Langmuir-Hinshel-
wood mechanism for the Cu,0 oxidation.

Subsequently, the Langmuir-Hinshelwood mechanism was
considered in this work to determine the kinetic for the reduction
reaction. To be consequent with the reduction, also a Langmuir-
Hinshelwood mechanistic model was used to describe the oxida-
tion in the CLOU process. In this way, results obtained here and
found by Chuang et al. [24] could be adequately predicted for the
oxidation reaction.

3.4. Kinetic model

3.4.1. Reduction from CuO to Cu,0

A surface reaction model using a Langmuir-Hinshelwood mech-
anism is here proposed to describe the CuO reduction reaction to
Cu,0 with O, generation. The CuO in the surface decomposes into
Cu,0 by reaction with a active sites giving oxygen adsorbed in the
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Fig. 7. Effect of the oxygen concentration in the reaction order of Eq. (7) for: (a) reduction; (b) oxidation.

surface. Then oxygen is desorbed to O,, regenerating the a active
sites in the surface [28]. Applying this model to the decomposition
of CuO, following equations are obtained:

(1) Chemical decomposition of CuO into Cu,0 and adsorbed O,,
which is a dynamic equilibrium between forward and back-
ward reaction:

_Kk

4Cu0 + aL:ﬁ2Cu20 +aL(0y), K;= K (13)
b b
(2) Desorption of adsorbed O,:
al(0;) 2= al + 0, K, = K0 (14)
kp I(A

aL(0,) is one molecule of O, chemisorbed on a active sites L.
When the reaction is controlled by chemical decomposition, Eq.
(13), the reaction rate is given by:

AXged Co,
dt Co,eq

~fsSauo(1 = 0)(1= 22 ) ) (1s)

where 0 is the fraction of actives sites occupied by O-. At these
conditions, it is possible to use different adsorption isotherms to
obtain the value of 0. Garcia-Labiano et al. [29] selected the Fre-
undlich isotherm to properly describe the CaCOs calcination [29].
In this case, the use of the Freundlich isotherm successfully
described the effect of CO, concentration on the CaCO; calcination
rate, which showed an effect of the CO, concentration on the reac-
tion rate similar to the O, effect observed for the reduction reaction
in this work. Thus, the Freundlich isotherm was selected in this
work to describe the fraction of occupied active sites, i.e. 6 param-
eter, which was calculated by the following equation:

0= cClr (16)

¢ = coe Ee/ReT (17)

Combining Egs. (15) and (16), the reaction rate expression is as

follow:
dX C
Red — Kedf (Xred)Scuo(1 — cCY™M (1 — =2 (18)
dt > Coyeq

Different models have been used for the f{Xreq) function in Eq.
(18), including nucleation mechanism [18,21,22] or first order
chemical reaction [14,16]. The Langmuir-Hinshelwood mechanism
is a surface reaction model widely used for gas-solid catalytic

reactions. Due to this surface reaction, in this work it was proposed
using the nucleation model to describe the conversion dependency
in the reaction at the grain surface of the oxygen carrier particles.

The Avrami-Erofeev [30] equation corresponding to the nucle-
ation mechanism is the following:

F(Xgea) = N™'(1 = Xgea) [~ In(1 — Xpea)]' "

The final expression for the reduction reaction rate, including
Eq. (19) for the conversion function, is the following:

dXRed i/ CO
= KreaScuo <1 — G, ) (1 N Tzzeq>

dt
. (N’l(l ~ Xrea)[-In(1 —xked)}””)

(19)

(20)

By integration of Eq. (20), the following equation was obtained
to calculate the conversion evolution with time:

C
[~In (1 - Xpea)]" = kRedSCuO<1 - CC&") (1 e O >t (21)
0,.eq
An effective kinetic constant was defined as:
Kred = KreaScuo = Kieg o€ /e (22)

The kinetic model has four parameters at each temperature (N,
1, kgeq and c), which must be calculated as a function of tempera-
ture. The value of N represent the type of nucleation and the nuclei
growth in the model, which value is usually fixed between 1/4 and
3. To calculate the best value of N, Fig. 8(a) shows a plot of
(=In(1 = Xgeq))" vs. time for different values of N using conversion
vs. time data of Fig. 3. Linear regression of each data shows the fit
to a linear plot. Table 4 shows the values of the correlation coeffi-
cients for the different values of N. Best fitting to a linear curve cor-
respond to N equal to 3/4. This procedure has been done for the
conversion data at each temperature and oxygen concentration
analysed in this work, obtaining the same result of N for all of
them.

To determine the values of the chemical rate constant, kg,;, and
its variation with temperature, experiments carried out at different
temperatures between 1148 and 1273 K with an atmosphere of
100 vol.% N, were considered. In this case, Eq. (21) is simplified
to [—In (1 = Xgeq)]" = Kioyt. Considering an Arrhenius dependence
of kg, Fig. 9 shows the Arrhenius plot for the reduction reaction,
and Table 5 shows the kinetic parameters for pre-exponential fac-
tor and activation energies obtained. The value of the activation
energy was 270 k] mol . This value cannot be compared with acti-
vation energy data from the literature because the kinetic model
here proposed has not been previously used. The activation energy
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Table 4

Correlation coefficients of the linear dependence of (—In(1 — Xgeq))" vs time plots for
various values of N for CuBOMgAl oxygen carrier. Trea=1273 K; Yo, peq = 4 VOL%;
Tox = 1173 K; yo, ox = 6 vol.%;

N Reduction Oxidation
3/2 0.9017 0.9570
1 0.9769 0.9970
3/4 0.9961 0.9977
2/3 0.9951 0.9926
1/2 0.9838 0.9703
-1 1
-2 =
X
(o]
x -3 - 0
£ AH\‘\‘\‘\‘
5 4 _ 2
- £
@
e 5 - -1
c =
-6
-7 T T T ! T -2
78 80 82 84 86 88 90
1T 10* (K™")

Fig. 9. Temperature dependence of kinetic parameters for Cu60MgAl: kinetic
constant for oxygen uncoupling (®); kinetic constant for oxidation (a); and
adsorption parameter c for reduction (H).

Table 5

Kinetic parameters determined in this work for Cu60MgAl.
Reduction
Kreao (s7) 3.610°
Frea (kJ mol™1) 2.7-10?
Co ((m* mol~)!/m) 1.8.10°1°
Ec (kj mol™1) ~2.4.102
n 0.5
Oxidation
Koxo((m? mol )/ s™") 6210
Eox (k] mol~1) 3.2.10!
n 1.2

determined depends on the number of temperature dependent
parameters considered in the kinetic model. Thus, the global acti-
vation energy was calculated with only k; as function of tempera-

ture, see Eq. (6). Kinetic activation energy was calculated with two
temperature dependent parameters, i.e. k; and Co, ¢q, €€ Eq. (7); in
this work the activation energy had an additional parameter, c,
affected by temperature in the kinetic model proposed.

Parameters n and c in Eq. (21) were calculated considering the
effect of the partial pressure of oxygen in the oxygen carrier reduc-
tion rate. After integration and some algebra with Eq. (20), the fol-
lowing expression was obtained:

Ye=In{1- 1 [dx“ed

Kiea (1= 222 (N (1 = Xiea) [l (1= Xpea))' ™) L 4E Lkea:az

=In (c)+%1n (Co,)
23)

Reaction rate was calculated for Xgeq = 0.2 due to a maximum
conversion rate at this Xgeq value is reached using this model with
N=3/4.

Plotting the left handside of Eq. (23), Yg, parameters c and n can
be calculated from the origin and slope of the plot Yg vs. In(Co,);
see Fig. 10(a). From this, a value of 0.5 for n (see Table 5) for all
temperatures was found. Different values of ¢ were obtained at
each temperature. Considering an Arrhenius dependence of c,
Fig. 9 shows the Arrhenius plot for the reduction reaction, and
Table 5 shows the parameters for pre-exponential factor and acti-
vation energies obtained for ¢ from Eq. (17). It can be seen that the
value of the activation energy for the parameter c is negative
(—240 kJ mol~ 1), as it corresponds to an adsorption process.

The Freundlinch isotherm and the nucleation model were used
to fit experimental conversion vs. time data for different O, con-
centrations and temperatures. Fig. 3 (a) shows experimental and
theoretical conversion vs. time curves at different temperatures
and 0vol.% of O,. Fig. 3(b) shows experimental and theoretical
lines of conversion vs time for three different temperatures
(1223, 1248 and 1273 K) during reduction period using an O, con-
centration of 1.5%. Fig. 4 shows a comparison between experimen-
tal data and model predictions for different O, concentrations at
constant temperature. It can be seen a very good fit between
experimental and theoretical curves with the proposed kinetic
model for all the temperature and oxygen concentration intervals,
including reaction conditions with O, concentration far away and
close to the equilibrium. This result indicates that the Freundlinch
isotherm with a nucleation model with N=3/4 was valid to
describe the decomposition of the CuO in a broad range of O, con-
centrations. Thus, the kinetic model here proposed properly pre-
dicted the reaction rates when the O, concentrations was close
to the equilibrium, where previous literature models had failed
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Fig. 10. Determination of (a) n and ¢ parameters using Eq. (23) for reduction; and (b) n parameter using Eq. (30) for oxidation reactions.

[15]. This condition is required in the fuel reactor of a CLOU unit to
avoid unconverted compounds exiting the fuel reactor [8,25].

3.4.2. Oxidation from Cu,0 to CuO

Also, a Langmuir-Hinshelwood mechanistic model has been
used to describe the chemical reaction of Cu,0 oxidation in the
CLOU process.

(1) Adsorption of O, over the surface of Cu,0:

kp kA
0;+alsal(0;) Kz =2 (24)
P kp
(2) Chemical reaction of Cu,0 oxidation to give CuO:
kg kb
2Cu,0 +alL(0,) ks 4Cu0 +al Ky = & (25)
b f

When the reaction is controlled by the surface chemical reac-
tion, Eq. (25), the reaction rate is given by:

dXOx

~dr (26)

— KoxScuyocCl” <1 - %)f(xm)
0,

Similar to the reduction analysis, value of 6 was calculated with
Freundlich isotherm, i.e. Eq. (16). The nucleation model was also
considered for the oxidation reaction. The expression for the oxida-
tion reaction rate, including the conversion evolution function, is
the following:

dX 0x 1/n CO .eq

. <N’1(1 ~ Xow)[=In(1 = Xox)]' ™) (27)

Integrating Eq. (27) the following expression was obtained to
calculate the conversion evolution with time:

[_ ln(] - XOX)]N = kOXSCUZOCCé/Zn (] — —ng,eq>t

0,

(28)

Parameters kox and c¢ could not be calculated separately for oxi-
dation reaction. In this case, an effective kinetic constant for oxida-
tion reaction was defined as:

k., = kOstu oC = k., e Fox/ReT 29
(0)'4 3 0x,0

Thus, it is necessary to determine three parameters for each
temperature: N, n and k. To know the best value of N, Fig. 8(b)
shows a plot of (—In(1 — Xoy))" vs. time for different values of N.

Linear regression of each data show the fit to a linear plot. Table 4
shows the values of the correlation coefficients for the different
values of N. Best fitting correspond to N equal to 3/4. This proce-
dure has been done for the conversion data obtained at each tem-
perature analyzed in this work, obtaining the same result of N for
all of them.

Parameters n and kj, for the oxidation reaction were obtained
from a plot of Yox vs. In(Co,) at 1173 K, as it was described by
the following equation derived from Egs. (27) and (29), for
XOX =0.2.

YOx =In

1 dXox
(1 —ng:q)(N’l(l ~Xow)[-In(1 —XOX)]]’N) { at Lm:o_z

= In(Koy) 4 In(Co,)
(30

Fig. 10(b) shows the plot and the linear regression of Yoy Vvs.
In(Co, ). A value of n equal to 1.2 was obtained. Experiments at dif-
ferent temperatures between 1123 and 1273 K and 21 vol.% O,
were considered to calculate the temperature dependence of the
kinetic constant. Considering an Arrhenius dependence of kp,,
pre-exponential factor and activation energy can be obtained.
Fig. 9 shows the Arrhenius plot for the oxidation reaction, and
Table 5 shows the kinetic parameters for pre-exponential factor
and activation energy obtained. An activation energy of
32 k] mol~! was obtained in this work for the oxidation kinetic
constant.

Finally, Fig. 5(a) shows experimental and theoretical conversion
vs. time curves obtained for different O, concentrations. It can be
seen that there was a good agreement between the experimental
and predicted data by the kinetic model with the Freundlinch iso-
therm. The predictions were good in all the range of O, concentra-
tions used. This result indicates that the kinetic model with
Freundlinch isotherm was valid to describe the oxidation of the
Cu,0 in a broad range of O, concentrations, even at concentrations
very close to the equilibrium conditions. On the other hand,
Fig. 5(b) shows experimental and theoretical conversion vs. time
curves at different temperatures. It can be seen that a very good fit-
ting was obtained with the nucleation model.

We can conclude that with the kinetic model developed in this
work, it is possible to predict the reduction and oxidation reaction
rates at different oxygen concentrations and different tempera-
tures in a broad range of operation conditions suitable for the CLOU
operation process.
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4. Simulation of the CLOU process with kinetic data

In order to design a CLOU system, the most important parame-
ters are the solids inventory in the system and the oxygen carrier
circulation rate. Both parameters are highly influenced by the
material reactivity and its oxygen transport capacity. With the
kinetic data determined in this work, the CLOU process was simu-
lated by determining the carbon capture efficiency for different
coals as a function of solids inventory and solids circulation rate.

4.1. Solids inventory and solids circulation rate to transfer oxygen from
air to fuel

The solids circulation rate was calculated by an oxygen mass
balance in the system. A simplified model was developed by the
authors [26] and later modified for the iG-CLC process [31] for
the use of solid fuels. The circulation rate of solids per MWy,
Moc, that depends on the composition and heat value of the solid
fuel, can be calculated as:

. 10°my
~ LHV - Roc - AXoc

mo being the mass of oxygen required per kg of solid fuel to full
combustion, as for the case of the conventional combustion with
air, LHV the lower heating value of the solid fuel and AXoc the var-
iation of the oxygen carrier conversion in every reactor.

The circulation rate of solids between both reactors was
calculated as a function of the variation of the oxygen carrier con-
version and it was shown in Fig. 11 when a lignite is used, with a
corresponding mg = 1.2 kg oxygen per kg of coal and a LHV of
16250 kJ/mol. The circulation rate is higher at low values of AXoc,
and decreases quickly when the conversion variation of the oxygen
carrier at the fuel reactor increases, reaching low values when the
conversion is near to 1. Abad et al. [26] estimated the maximum
circulation rate feasible in a CLC plant without increased costs
and with commercial experience to be 16 kg s~! per MWy,. This
means that the minimum value of AXoc must be 0.1 and it is nec-
essary to operate at higher values.

The minimum mass of solids in the fuel and air reactors per
MWy, of fuel, mqc, for the combustion of solid fuels was calculated
by doing a mass balance to the fuel reactor [31]:

103mo

Moc (31)

-—— (32)
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Fig. 11. Minimum solids inventories per MWy,: fuel reactor (- - -), air reactor (- -- --

); and specific circulation rate of solids ( ) using a lignite as a function of the
variation of the oxygen carrier conversion between the fuel and air reactors.
T=1223 K. Solids flux hydrodynamic limit (-----) also shown.

The average reactivity for each reactor was obtained consider-
ing the average gas concentration in the reactor and the solids res-
idence time distribution in the reactor as perfect mixing.

Different average oxygen concentration was assumed either in
fuel or air reactor. In a CLOU process, the minimum solids inven-
tory in the fuel reactor to transfer the required oxygen for fuel
combustion corresponds to the condition where the oxygen uncou-
pling reaction rate is maximized. This condition is reached when
the oxygen concentration in Eq. (20) is considered to be zero, cor-
responding to the asymptotic limit in which all the O, released is
consumed by the fuel and there is not an excess of O, in gases [25].

On the other hand, the solids inventory in the air reactor was
calculated considering an air excess of 20%. The average oxygen
concentration in the air reactor was those that fulfil Eq. (33), in this
case 11 vol.%; see reference [26] for more information.

Xgout dX

dx

Xgin dt

The residence time distribution of particles in the reactor was
also considered to calculate the average reaction rate. Assuming

perfect mixing of solids in the reactors, the average reaction rate
was calculated as [26]:

ax;\ [ [dX;] eV
—— | = ——|——dt 34
(dt) /0 {dt] tm (34
This equation considers particles enter to the reactor partially
converted. The reaction time necessary to reach complete conver-
sion will be t,, being this value the upper limit of the integration of

Eq. (34). Following the method presented in [26], t. is defined here
for the nucleation model as:

(33)

te=p(
Thus, initial reaction rate was calculated for conversion Xgeq = 0,
and t. corresponded to the time reaching complete reduction, in
this case for Xgeq =1 — Xged.inrr-
The expression that describe the reactivity using a nucleation
model is the following

— 1f1)_<Red,inFR)3/4 (35)

Xrea| _ 4, 153 , (k043
{dt Skt e (36)

Parameter k includes the kinetic constant and the function of
the oxygen concentration.

= ki1 - ) (1- 62 37)

tn is the mean residence time of the oxygen carrier particles in
the fuel reactor, which is dependent on the solid recirculation rate
and on the reactor size.

Moc Fr AXRed
Moc dXRed
dt

The average reactivity has been expressed to consider that the
oxygen carrier can be introduced to the fuel reactor with a mean
solid conversion reduction, Xgeq i, higher than 0. Following nucle-
ation model, it was assumed that the unconverted solid was in the
surface of the particle. It is worth noting that the minimum oxygen
inventory calculated in this section is a function of the oxygen car-
rier reactivity, and corresponds to the amount of solids to supply
oxygen at the required rate determined by the coal feeding rate.
Later on, the oxygen consumption by the coal will be further ana-
lysed, which will depend on the coal reactivity.

tm = (38)
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The minimum oxygen carrier inventory in the fuel or air reactor
was calculated considering complete conversion in each reactor.
Fig. 11 shows the minimum oxygen carrier inventories for both
fuel and air reactor as a function of the variation in the oxygen car-
rier conversion at 1223 K. It can be seen that low values of varia-
tion of oxygen carrier conversion gives high values of oxygen
carrier circulation rate and low amount of solid inventories in both
reactors. If a value of AXpc = 0.1 was assumed, the minimum values
of oxygen carrier inventories are 160 kg/MW_, and 95 kg/MW}, for
the fuel and air reactor, respectively. A high solid inventory in the
fuel reactor (235 kg/MWy,) was experimentally used in combus-
tion tests in a 1.5 kW, CLOU unit with this oxygen carrier [8].
However, there was an O, excess at the fuel reactor exit, therefore
lower inventories would be possible in that unit with complete
combustion of the fuel.

4.2. Carbon capture efficiency for different fuels

In addition to the solids inventory needed to transfer the
required oxygen to full combustion determined by the coal feeding
rate, it is necessary to reach high combustion efficiency in the fuel
reactor. So, the solids residence time in the fuel reactor must allow
the char conversion, which is related to the CO, capture efficiency.
It is worth noting that unconverted char in the fuel reactor reaches
the air reactor, where it will be burnt to CO, which is not captured.
Thus, the CO, capture efficiency would depend on the solid inven-
tory in the fuel reactor.

The performance of the fuel reactor in a CLOU system is influ-
enced by the pseudo-equilibrium reached between the oxygen
released by the oxygen carrier and the oxygen consumed by fuel.
Therefore, the oxygen balance in the fuel reactor must consider
the oxygen release from the oxygen carrier and the different uses
of this oxygen, for conversion of char, volatiles and O, concentra-
tion in gas stream:

(=T0,)oc = (ro,)c + (To, )yt + (o, )gas (39)

The oxygen release rate depends on the oxygen carrier reactiv-
ity and the oxygen concentration in the reactor

dx
(—Toz)oc = RocMocr { dl;ed}

(40)

The oxygen released from the oxygen carrier is used to:

(1) To burn carbon in char particles. During TGA tests of char
combustion with gaseous O,, constant reaction rate with
time was observed [10,32]. Thus, the char reaction rate can
be calculated by

71\/102 Mc FRr {Kc}

(roz)C_ MC 1_XC dr (41)

dt

(2) To burn volatile matter. It is assumed complete combustion
of volatile matter. The oxygen reacted with volatile matter is
the difference between the oxygen demand of the solid fuel
fed and the oxygen demand of the fixed carbon.

(Foy ooy = mma.{mo - ’1‘\4/,—‘2 [cﬁx}} (42)

(3) To accumulate in the exit gas stream. Oxygen can be present
in the gaseous stream from the fuel reactor, but always at
concentrations below the equilibrium concentration at the
reactor temperature. The rate of oxygen release in the gas-
eous stream depends on the gas at the fuel reactor exit,
which in turn depends on the gas inlet to the fuel reactor
inlet.

(roz)gas = Mo, [FgasyOz}outFR (43)

(To,)gqs ONly depends on oxygen concentration and (ro,). also
depends on char concentration in the fuel reactor. To determine
the char concentration, a carbon balance was done considering
the different streams where carbon is: carbon in fuel, carbon in vol-
atiles, carbon in converted char in the fuel reactor, and carbon in
the solids stream from the fuel reactor.

FC‘SF = FC.vol +XCFC,char + (1 - XC)FC,char (44)
Each carbon flow is calculated as:
1 .
FC.coal = M_C Meoal [Ccoal} (45)
1 .
FC.vol = ﬁ mcoal[ccoal - Cfix] (46)
C
Fechar = —— Titeoa [ (47)
C,char = MC coal | “fix
1 ferr
(1 = Xc)Fcchar = ﬁcmocm (1= Mess) (48)

fc being the mass fraction of carbon in solids in the fuel reactor:

Mc R

Je MocFr — MCcFR “49)
The char fraction f¢ affects to the solids transfer to the air reactor
and the oxygen consumed in the fuel reactor. The effect of a carbon
stripper efficiency, #css, on char conversion is also considered in Eq.
(48). A carbon stripper makes a selective recirculation of uncon-
verted char particles to the fuel reactor from the solids stream exit-
ing the fuel reactor in order to minimize the flow of unconverted
carbon in the air reactor [32], thus obtaining high CO, capture effi-
ciencies [10,32].

By fixing the mass of oxygen carrier in the fuel reactor, an iter-
ative process can be done modifying the oxygen concentration and
the mass fraction of carbon in the fuel reactor to obtain the oxygen
generation rate and the consumption rate in Egs. (40) and (41). The
objective of the iterative process was to fulfil simultaneously the
oxygen and carbon balances showed in Egs. (39) and (44). Once
each carbon flow is known, the CO, capture efficiency, #., can
be obtained for the assumed solids inventory.

_ FC,vol +XCFC.char
FC‘coal

cc (50)

It is worth noting that the CO, capture efficiency also depends
on the solids circulation flow rate because: (1) the circulation of
solids affects to the solids residence time, and therefore to the
reactivity of oxygen carrier; and (2) affects to the carbon flow exit-
ing the fuel reactor.

In this work, three fuels have been considered for the analysis: a
high reactive bituminous coal (HRB), a low volatile bituminous coal
(LVB) and a lignite. These coals were tested before at the continu-
ous CLOU 1.5 kWy, unit [8,10], showing different behaviour during
the combustion tests. The char reactivity kinetic parameters
needed for this study have been taking from Hurt and Mitchell
[33]. Proximate and ultimate analysis and the corresponding
kinetic parameters are shown in Table 6 for each coal.

Fig. 12(a) shows the O, concentration at the fuel reactor outlet
as a function of the oxygen carrier conversion using the lignite fuel
and different fuel reactor solid inventories (150, 250, 500 and
1500 kg/MWy,). Fuel reactor temperature was 1223 K and the use
of a carbon separation system (7. = 0) was not considered. The
0, concentration at equilibrium conditions is also included for
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Table 6
Properties and kinetic parameters for the different coals considered taken from [33].
Lignite Low Volatile High Volatile
Bituminous Bituminous
Proximate analysis (Wt.%)
Moisture 12.6 20 23
Volatile matter 28.6 17.1 33.0
Fixed carbon 33.6 68.8 55.9
Ash 25.2 121 8.8
Ultimate analysis (wt.%)
C 45.4 75.8 65.8
H 2.5 3.7 33
N 0.6 1.9 1.6
S 5.2 0.4 0.6
o* 8.5 4.1 17.6
Kinetic parameters
ko (m3>mol~'s™1) 2.7-107 1.8-107 1.5.10°
Eo (K] mol™") 91.5 94.1 64.0
p 0.5 0.5 0.5
LHV (kJ kg™1) 16250 28,950 25,000
mo (kg O,/kg coal) 1.2 2.2 2.0

¢ Oxygen to balance.

comparison purposes. It can be observed that the oxygen concen-
tration decreases when the variation of the conversion increases.
This is due to the fact that more coal is converted in the fuel reactor
and the average oxygen carrier reactivity decreases as AXoc
increases, see Eq. (39). It can be also seen that the oxygen

(a)

5

0, eq. (vol.%)

0, concentration (vol.%)

AXoe

concentration increases when the solids inventory in the fuel reac-
tor increases, because there is more oxygen in solids available for
oxygen uncoupling. Underline that when the CO, capture effi-
ciency is low there are O, at the fuel reactor outlet. This means,
that this oxygen carrier is highly reactive and can release O,
although the residence time in the fuel reactor is not enough to
convert completely the char.

Fig. 12(b) shows the CO, capture efficiency as a function of the
variation of the oxygen carrier conversion for same conditions. CO,
capture efficiency increases when the solid inventory and the oxy-
gen carrier conversion increase due to the associated increase in
the solids residence time. Note that all lines converge to a CO, cap-
ture value of 24% at AXoc = 0 which corresponds to the combustion
of the volatile matter of this coal. At high values of the solids con-
version, the increase in the CO, capture efficiency is smoother. This
behaviour is due to two additive reasons: (1) the residence time in
the fuel reactor is inversely proportional to the conversion varia-
tion, producing that the char conversion is not proportional to
the variation of oxygen carrier conversion; (2) a less O, concentra-
tion in the fuel reactor decrease the char conversion rate in the fuel
reactor. In fact, the CO, capture efficiency can decrease slightly at
high values of AXqc. Therefore, a maximum in the CO, capture effi-
ciency for each solids inventory in the fuel reactor was observed by
changing the solids conversion variation. This maximum is due to
the oxygen concentration decrease toward 0, and the effect of low
oxygen concentration on the decrease of the char combustion rate
is higher than the beneficial effect of the residence time increase.

100

80 1
60 -

10 {51/

CO, Capture Efficiency (%)

20 T T . .
0.0 0.2 0.4 0.6 0.8 1.0

AXoe

Fig. 12. (a) O, concentration at the fuel reactor outlet and (b) CO, capture efficiency as a function of the variation of oxygen carrier conversion in the fuel reactor using lignite

as fuel and different solids inventories in the fuel reactor: 1500(

), 500 (), 250 (---) and 150 (---) kg/MWp. Trg = 1223 K, #jcgs = 0.
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Fig. 13. (a) O, concentration at the fuel reactor outlet and (b) CO, capture efficiency, as a function of the fuel reactor inventory for three different coals: HRB (——), lignite

(++), LVB (----- ), Tir = 1223 K, #ccs = 0%, AXoc = 0.7. LVB with a #.s = 90% also shown (----). Experimental points obtained in the 1.5 kWy, continuous unit for CLOU process:

HRB (V) [8], lignite (@), LVB () [10].
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CO, capture efficiencies higher than 90% can be only reached
with oxygen carrier inventories higher than 500 kg/MWy, and
AXoc > 0.5, without the use of a carbon separation system
(1css = 0). Therefore, it is recommended to work with high values
of AXqc, i.e. low solids circulation rate to obtain high CO, capture
efficiencies.

Fig. 13(a) shows the O, concentration at the outlet of the fuel
reactor as a function of the fuel reactor solids inventory for the
three different coals (HRB, lignite and LVB). Fuel reactor tempera-
ture was 1223 K and the use of a carbon separation system
(1css = 0) was not considered. It can be observed that the O, con-
centration increases with the inventory in the fuel reactor due to
the increase of solids generating oxygen. The O, concentration is
very similar for the lignite and LVB, but it is lower for the HRB,
due to the high amount of volatiles that the HRB contains, which
consume more O,. As an example, for fuel reactor solids invento-
ries <600 kg/MWy,, oxygen concentrations at fuel reactor outlet
are of the order of 1 vol.% which are lower than that found in
oxy-combustion process for coal.

The effect of fuel reactor solids inventory on the CO, capture
efficiency was also evaluated for the different coals: HRB, lignite
and LVB. Fig. 13(b) shows the variation of the CO, capture effi-
ciency as a function of the solid inventory in the fuel reactor for
these coals at the same conditions, but considering a solid conver-
sion variation of AXgc=0.7. In all cases the CO, capture efficiency
increases with the solids inventory because of a higher solid resi-
dence time and higher oxygen availability. It can be seen that for
the high reactive coals, i.e. HRB and lignite, it is possible to reach
high CO, capture efficiencies (>95%) with around 600 kg/MW4,
in the fuel reactor. However, for low reactive coals, i.e. LVB, it is
necessary higher values of solids inventory to achieve high CO,
capture efficiency, with values near 1500 kg/MW,,. Moreover, Fig
13(b) shows experimental results obtained in the 1.5 kWy, contin-
uous unit for CLOU process with different coals: HVB, lignite and
LVB [8,10]. It can be seen that experimental results match with
data obtained from the model for each coal simulated. Fig. 13(b)
also shows the CO, capture efficiency for a LVB when a carbon
stripper with a 90% of efficiency was included in the simulation.
It can be seen the important effect of this separation unit allowing
high CO, capture efficiencies even with low values of solids inven-
tories, 99% with 700 kg/MW4,. Therefore, for low reactive coals it is
necessary to use a carbon stripper to reach high CO, capture rates.
But even for reactive coals, the use of an efficient carbon tripper
reduces also the oxygen carrier inventories in the fuel reactor
and the SO, emissions in the air reactor [11,34].

It is worth noting that the fuel reactor solids inventory needed
to supply the stoichiometric oxygen flow rate to burn a lignite
(about 300 kg/MW,,, with AXoc =0.7; see Fig. 11) is lower than
the solids inventory needed to reach a CO, capture higher than
95% without a carbon stripper (~600 kg/MWy,). This fact agree
with previous results obtained from the analysis of the oxygen car-
rier reactivity [25] and results obtained in a CLOU unit [8,10]. It can
be concluded that the kinetic parameters determined together
with the simulation tool developed in this work, configure a useful
instrument for the design and optimization of CLOU process.

5. Conclusions

Reaction rates of reduction and oxidation of a Cu-based oxygen
carrier (60 wt.% of CuO and 40 wt.% of MgAl,0,4) for CLOU process
has been measured by TGA to determine the redox kinetic. Rele-
vant reactions were decomposition of CuO to Cu,0 and oxidation
of Cu,0 to CuO. A nucleation model for the variation of the solid
conversion with time and a Langmuir-Hinshelwood surface kinetic
control together with Freundlich’s isotherm was valid to predict

the experimental data in a broad range of O, concentration and
temperatures. In fact good predictions were obtained even at O,
concentrations very close to the equilibrium conditions.

The kinetic model was further used to analyze the design and
operation conditions of CLOU process using this oxygen carrier.
Minimum solids inventory of 160 kg/MWy, in the fuel reactor
and 95 kg/MWy, in air reactor were determined to transfer the
oxygen flow demanded for full combustion of the coal. The CO,
capture efficiency as a function of the oxygen carrier circulation
rate and the fuel reactor solids inventory for three different coals
have been also estimated. For high reactive coals, i.e. HRB and lig-
nite, it would be possible to reach high CO, capture rates ( >95%)
with 600 kg/MW,,. However, for low reactive coals, i.e. LVB,
1500 kg/MWy, would be needed to achieve high CO, capture effi-
ciencies. These results highlight the need of using an efficient car-
bon stripper which allows CO, capture efficiencies higher than 95%
with low solids inventories.
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