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Abstract 

Produced water is generated in oil & gas production industries and its treatment is a growing 

concern due to its substantial volumes and potential adverse effects on the environment. 

Treatment of produced water is challenging because of its complex physicochemical 

composition and high level of salinity. Membrane distillation-crystallization (MD-MCr) is a 

promising membrane-based process which enables to achieve high quality of distilled water 

and almost complete salts rejection with the capability to recover valuable minerals from feed 

streams. In this study, the potential of MD-MCr for produced water treatment was 

investigated. The MD-MCr was carried out at three different feed temperatures and feed flow 

rates using a commercial polypropylene (PP) and a lab made polyvinyledene fluoride (PVDF) 

membranes. The results showed increased water flux as a function of feed temperature and 

feed flow rate. In terms of membrane properties, PVDF membrane exhibited higher flux than 

PP membrane mainly due to higher porosity. After reaching saturation state, crystallization 

occurred and crystals were collected from the feed and characterized using optical 

microscope and energy dispersive x-ray (EDX). The crystals were identified as sodium 

chloride by EDX analysis, which was also confirmed by unique cubic shape. From all the 

results, it can be concluded that membrane distillation-crystallization not only is feasible 

process technically, but also has a potential to treat produced water with two main advantages; 

fresh water production and recovery of commercially valuable salts. 
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1. Introduction 

Water and energy are two crucial resources for human well-being and socioeconomic 

development. Water is one of the most abundant resources, however, about 97% of the earth‘s 

water exists in the oceans, and fresh water occupies only 3%[1]. Growing global population 

has resulted in escalation of demand not only for fresh water supply, but also for energy 

production. In addition, rising energy demand makes water thirstier resource since huge 

amount of water is used for energy production. Therefore, maximal reuse and recycling of 

wastewater will be a key point for sustainable development and conservation of scarce water 

resource[2]. In this regard, produced water with appropriate treatment technique can be an 

alternative source of water, especially, in arid regions characterized through a lack of drinking 

water supply and agricultural water needs in many parts of the U.S. as well as other 

countries[3]. 

Produced water is a biggest waste stream in conventional oil and gas production as well as 

energy production from unconventional sources such as coal bed methane, tight sands, gas 

shale, and oil shale[4]. The volume of produced water will increase significantly due to rising 

demand for energy and expanding exploration of unconventional energy sources in United 

States and many countries around the world[5]. Accordingly, produced water treatment has 

become one of the key criteria for sustainable energy production[6], water resource 

sustainability, and protecting the nature and public health taking into account its detrimental 

effects to the environment. 

Membrane distillation-crystallization (MD-MCr) is an emerging membrane-based process 

with a promising potential to treat produced water. MD-MCr has advantages on a basis of 

membrane technology such as operational simplicity, high selectivity, compatibility with 

other membrane modules in integrated systems, low energetic requirement, good stability 

under operating conditions, easy control and scale-up, and large operational flexibility[7]. On 

top of that, MD-MCr has unique characteristics over other membrane-based processes; 

capability to desalinate very high level of saline water, almost 100% salts rejection, recovery 

of salts from feed streams, and utilization of renewable energy sources such as solar energy.  

In particular, MD-MCr can provide synergic effects as a standalone process or when 



10 

 

combined with other membrane units by realizing ‗process intensification‘[8]. Process 

intensification is a strategy based on innovative equipment, design and process development, 

which are expected to bring remarkable improvements in production process (e.g. decrease in 

manufacturing costs, equipment size, energy consumption, and waste materials, and advance 

in remote control, information fluxes and process flexibility). Moreover, the integration of 

different membrane units enables to overcome the limits of a single operation, improving the 

overall performance of the process[7].  

For the produced water treatment, MD-MCr can be equipped with other well-established 

membrane processes such as micro-, nano-, and ultrafiltration and reverse osmosis (RO), 

through which, total water recovery (TWR) can be enhanced and negative impacts of waste 

stream on the environment can be mitigated by realizing the concept of ‗zero liquid 

discharge‘[9]. From the economic point of view, moreover, integration of membrane modules 

may be more advantageous because the additional membrane units can be directly integrated 

into the existing facilities. Therefore, MD-MCr can make a substantial contribution to 

produced water treatment in a sustainable way. 

 

1.1. Scopes and Objectives 

Objectives of this thesis are as follows: (i) to evaluate technical feasibility of membrane 

distillation for treatment of the produced water having high level of salinity, (ii) to investigate 

the effects of experimental parameters such as feed temperature and hydrodynamic conditions 

and of membrane properties on permeate flux in membrane distillation (MD) process, (iii) to 

evaluate a possibility to recover salts such as sodium chloride from produced water through 

membrane crystallization. 

This thesis consists of mainly two parts. The first part from section 2 to section 3 describes 

general overview of produced water and MD-MCr technology as well as current issues in 

water and energy sectors. The second part focuses on experiments conducted to treat 

produced water. In this work, direct contact membrane distillation (DCMD) configuration is 

applied and various operational parameters; e.g. feed inlet temperature and feed flow rate and 

membrane properties such as porosity are explored. In addition, recovery of salts from feed 
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solution is carried out along with membrane distillation process. 

 

2. Water & Energy and General Overview of Produced Water 

Produced water is closely related to water and energy since its substantial volumes are 

originated from the huge amount of water uses during oil and gas production and those fossil 

fuels are still positioned as main energy resources. Therefore, it is worthy to note current 

issues in water and energy sectors prior to describing general overview of produced water. 

 

2.1. Water & Energy Issues 

Water and energy are crucial for sustainable socio-economic development and human 

prosperity. Although water and energy are becoming thirstier resources, demands for 

freshwater and energy will keep increasing over the coming decades mainly due to growing 

populations and economies, changing lifestyles, and changing consumption patterns, greatly 

amplifying vulnerability of energy and water resources[10].  

Water Scarcity 

Water contributes to production in food, energy, and manufacturing as an essential resource, 

as well as human well-being depends on water security both in quality and in quantity. 

However, it is estimated that 768 million people are still to remain without access to safe 

water and 3.5 billion people do not have satisfied right to water[10]. As shown in Fig.1, many 

countries in the Middle East and North Africa rich in oil and gas reserves is facing chronic 

water scarcity and almost 75% of population in Arab region live under the water scarce 

level[11]. 

Global water demand is anticipated to increase by 55% by 2050 and the world is expected to 

face a 40% water deficit by 2030[10, 11]. Over the past century, development and economic 

growth have led to population growth which is expected to reach 9.1 billion people globally 

by 2050. The growing population demands for more energy production leading to rising 

water use. Increasing urbanization is also causing specific and/or localized pressures on 
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freshwater availability. More than 50% of people now live in cities, worldwide, and 

populations in urban areas are projected to reach to a total of 6.3 billion by 2050. Changing 

consumption patterns, such as increasing meat consumption, construction of larger homes, 

and using more motor vehicles and electronic appliances typically result in increased water 

use. However, there still remain uncertainties about the amount of water required to meet the 

growing demand for energy and other human uses. 

 

Fig. 1. Total renewable water resources per capita(2013)[11] 

 

Energy Issues 

Energy is a crucial part in human societies for meeting basic human needs and thus, access to 

a secure source of energy is a core for sustainable development. Energy originates in different 

forms – mainly, oil, gas, coal and renewable sources – and can be generated in several ways 

and more than 80% of primary energy has come from fossil fuels[12]. 

Global energy demand is projected to grow by 37% over the period to 2040[13] and fig. 2 

illustrates that energy demand is expected to grow for all types of energy. Fossil fuels – oil, 

coal, and natural gas – will grow continuously meeting most of the global energy needs: oil 

by 13%, coal by 17%, and natural gas by 48%[11], occupying 59% of the overall increase in 

demand as the dominant sources of energy across the world[12]. In spite of the growth of low 

or zero-carbon energy sources in primary energy demand, the share of fossil fuels will 

diminish only slightly from its current 82% to a 76% share by 2035[14]. Recoverable fossil 
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fuels remain enough to meet the projected energy demand, in particular, large quantities of 

unconventional oil and gas are expected to be proven around the world and represent 48% of 

incremental output [12]. 

 

Fig. 2. World primary energy demand by fuel[12] 

 

Despite of ongoing progress and increasing volume of investment in renewable energies such 

as wind, solar photovoltaic and geothermal energy which can contribute substantially to 

global energy supply, fossil fuels appear to remain dominant in the global energy supply as a 

major recipient for subsidization which amounted to $550 billion, four times more than those 

to renewables in 2013[13]. Moreover, more than 60% of the global energy investments is 

concentrated on fossil fuels and estimate does not exhibit a clear declining trend in the 

investment for fossil fuels since 2000[14]. It is worthy to note that the increased oil and gas 

investment has been focused on North America, with the rapid expansion of unconventional 

oil and gas exploration. 

Water-Energy Nexus  

Water and energy are, to a large extent, interlinked and interdependent, which lie at the center 

of concept known as the ‗water–energy nexus‘[10]. Water is used for almost all forms of 

energy production including power generation, the extraction, transport and processing of 

energy resources. Conversely, energy is vital for the collection, transport, treatment and 

distribution of water. In 2010, 583 billion cubic meters (bcm) (or some 15% of the world‘s 

total water withdrawals) were withdrew for energy production and water withdrawals and 
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consumption – the volume withdrawn without returning to its source – are projected to 

increase between 2010 and 2035 by about 20% and by 85%, respectively[12].  

For conventional oil production, the volume of water required for oil extraction is mainly 

determined by the applied recovery technologies, the oil field‘s geology and its production 

history[12]. Water needs for conventional oil extraction are relatively small and similar to 

those for conventional natural gas. However, during secondary recovery, water injection (or 

water flooding) technique to increase productivity can consume about ten times in the 

amounts of water than those associated with primary recovery and water is further used at 

refineries during cooling and chemical processes to upgrade crude oil into higher value 

products.  

The emergence and the growth of unconventional sources of gas and oil (e.g. shale gas and 

bitumen) can result in significant risks to water resources since unconventional oil and gas 

production are, in general, more water intensive than conventional oil and gas 

production[10,13]. In this domain, hydraulic fracturing that injects fluids (water, sand, and 

chemical additives) into shale formations at high pressure to crack the rock and to increase 

the gas or oil flows is an important technique, where water is a pivotal factor and typically 8–

30 million liters of water per well are injected[10]. Therefore, water demand will be 

significantly affected by rapidly increasing unconventional oil and gas production. 

Water is becoming more serious issue in energy sectors and rising demand for water 

resources can be bottleneck for energy production putting more pressure on water intensive 

energy companies to seek alternative approaches. Thus, energy industries are interested in 

both water and energy efficiency[10] which depend on reducing freshwater usage by 

increasing utilization of saline or wastewater and by developing steam-less processes[12]. 

 

2.2. Produced Water  

Produced water comes from oil and gas industries as a largest by-product of various 

processes in extraction and refining[2] and the volume of produced water is affected by the 

nature of the formation, lifetime of reservoir and extraction technologies[15]. Produced water 
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includes water from underground formations (called ―formation water‖) which is brought to 

the surface mixed with hydrocarbons during oil or gas production [16] and water from 

injected fluids to sustain the pressure and to enhance recovery levels during production 

activities[17]. Oil production accounts for more than 60% of daily produced water 

worldwide[18] and, on average, about 7 to 10 barrels (or 280 to 400 gallons) of produced 

water are generated for every barrel of crude oil[4]. The amount of produced water from gas 

fields is less than one from oilfields[17]. The volume of produced water from conventional 

oil and gas reservoirs does not remain constant and increases over the lifetime of the 

reservoir[19]. Oil and gas production from unconventional sources are generally more water 

intensive than conventional sources[10] mainly due to fracturing water considered as the 

largest waste stream of production and coal bed methane produces larger volumes of water 

during gas production than other unconventional hydrocarbon production[4]. Estimated 

volume of produced water in the United States is 21 billion barrel a year and more than 50 

billion barrel a year is estimated from the rest of the world and the quantity of produced will 

continue to increase globally as the demand for energy increases[20]. 

2.2.1. Compositional Characteristics  

Characteristics of produced water can be different depending on geographical location of the 

field, extraction technology, type of hydrocarbon product, additive chemicals, and contact 

time with the hydrocarbon in the formation[12-13,18]. In general, produced water has 

complex characteristics due to various organic and inorganic constituents and its salinity (or 

salt concentration), described as total dissolved solids (TDS) typically ranges from 200mg/L 

to 170,000mg/L[19]. 

The main constituents of produced water are as follows[18]: (i) dissolved and dispersed oil 

compounds are a mixture of hydrocarbons including BTEX (benzene, toluene, ethylbenzene 

and xylene), polyaromatic hydrocarbons, and phenols which are measured as total oil and 

grease, (ii) dissolved inorganic minerals are cations (e.g. Na
+
, K

+
, Ca

2+
, Mg

2+
, Ba

2+
, Sr

2+
, 

Fe
2+

), anions (e.g. Cl
−
, SO4

2−
, CO3

2−
, HCO

3−
), naturally occurring radioactive materials 

(NORM)(e.g. barium and radium isotopes) and heavy metals(e.g. cadmium, chromium, 

copper, lead, mercury, nickel, silver, and zinc), (iii) production chemicals include pure 

components or compounds used for prevention of corrosion, hydrate formation, scale 
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deposition, foam production, wax deposition, bacterial growth, and for gas dehydration and 

emulsion breaking to improve the separation of oil and water, (iv) dissolved gases are 

typically carbon dioxide, oxygen, and hydrogen sulfide, (v) produced solids include clays, 

precipitated solids, waxes, sand and silt, corrosion and scale products, proppant, formation 

solids and other suspended solids. 

2.2.2. Environmental Impacts  

Produced water contains high levels of dissolved ions (salts), hydrocarbons, and radio active 

elements and therefore, untreated and/or not adequately processed produced water discharges 

may have adverse effects to the surrounding environment[4] such as the degradation of soils 

and the pollution of ground water and surface water[22]. For this reason, current researches 

are paying more attention to the long-term consequences of dissolved organic/inorganic 

components, heavy metals and additive chemicals on living organisms[18]. 

Salts from produced water seem to have the most wide-ranging effects on soils, water, and 

ecosystems. They are less likely to be adsorbed in the soil and are not degraded by biological 

processes. Sodium is a major dissolved constituent in most produced waters and it causes 

substantial degradation of soils. Trace elements including boron, lithium, bromine, fluorine, 

and radium also exist in elevated concentrations in some produced waters. Many trace 

elements are phytotoxic and are adsorbed and may remain in soils after the saline water has 

been flushed away.  

Additional concern exists on potential water contamination associated with the leakage of 

produced water into groundwater or soils[10, 12]. In the Marcellus shale region in U.S., 

groundwater and surface water contamination caused by hydraulic fracturing fluids occurred 

during well construction or as a result of poorly constructed wells [16]. This incident aroused 

public awareness of the potential negative impacts of shale gas production leading to more 

tightened regulatory requirements for wastewater treatment and disposal. 

2.2.3. Beneficial Uses  

Produced water and its treatment are becoming a major issue in oil and gas industries due to 

its high volumes generated and the disposal problems[20]. Also, many oil and gas production 
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sites are located in arid areas where conflictions arise between drinking water for the public 

and water use for energy production. In most cases, produced water is discharged to natural 

receiving bodies; a survey of oil and gas produced water management in the United States in 

2007 reported that more than 98% of produced water from onshore oil and gas wells is 

injected into underground while produced water from offshore sites is usually discharged to 

an ocean after appropriate treatment[16].  

However, produced water can be reused if suitable treatment methods are applied reducing 

negative environmental impacts as well. Treated produced water has the potential to 

contribute to water supplies for agricultural purposes, irrigation, livestock, industrial uses, 

and municipal drinking water[3,21]. In oil and gas production, reuse of produced water can 

reduce not only the fresh water usage during extraction operation but also produced water 

disposal costs[16]. Beneficial use of produced water, particularly, could provide a new source 

of water for arid areas where significant oil and gas production takes place. For example, in 

the Western United States, large quantities of produced water can contribute to the overall 

water supplies[4]. Furthermore, valuable salts such as iodide can be recovered from produced 

waters offering additional beneficial use of produced water[6]. 

2.2.4. Produced Water Treatment Techniques  

65% of produced water is re-injected to the well for pressure maintenance[23] and rest of the 

water can be injected to deep well and discharged to surface water for final disposal or can be 

used for beneficial purposes. In any case, treatment of produced water plays an important role 

in reducing fouling and scaling agents, meeting discharge regulations, and meeting the 

quality required for reinjection, disposal, and beneficial uses, respectively[24]. Therefore, 

appropriate treatment of produced water can offer an alternative and sustainable way for 

water resource for the oil and gas industries[25], for the public, and for the environment. 

However, produced water treatment is challenging due to its complex physicochemical 

composition[16] and hence, detailed experimental investigation should be carried out prior to 

deciding the final treatment methods[23]. The general objectives for produced water 

treatment are as follows[17]: (1) de-oiling – removing of and dispersed oil and grease, (2) 

soluble organics removal, (3) disinfection – removing of bacteria, microorganisms, algae, etc., 
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(4) suspended solids removal, (5) dissolved gas removal, (6) desalination– removing of 

dissolved salts, sulfates, nitrates, contaminants, scaling agents, etc., (7) softening – removing 

of excess water hardness, (8) miscellaneous – sodium sdsorption ratio (SAR) adjustment and 

naturally occurring radioactive materials (NORM) removal. 

Many studies using various methods have been carried out to treat produced water[23]. 

Physical and chemical separation processes such as coagulation, acidification, adsorption, air 

floatation, centrifugation, hydroclones, advanced oxidation have been applied. Aerobic 

processes such as activated sludge and lagoons and anaerobic systems have also been 

performed for the biological treatment of produced water[15]. However, these processes 

alone do not meet the discharge standards and have some disadvantages[17]; (i) physical 

methods have high initial capital costs and sensitivity to variable water input, (ii) chemical 

treatments generate hazardous sludge with subsequent treatment and disposal problems and 

have high running costs and sensitivity to initial concentration of wastewater, (iii) biological 

treatments are sensitive to variation of organic chemicals as well as salt concentration of 

influent waste. Accordingly, treatment of produced water, in general, requires a series of pre-

treatments and various combinations of methods as shown in Fig. 3. 

 

Fig. 3. Combined system for produced water treatment[24]. 
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Desalination technologies are employed to lower concentration of the total dissolved solids 

(TDS) and the ions which are too high for the desired beneficial use of produced water[4]. 

Desalination methods can be categorized into membrane-based and thermal technologies.  

Thermal processes 

Thermal processes were the technology for water desalination before the development of 

membrane technology and are utilized in regions where the energy cost is relatively 

cheap[18]. Multistage flash (MSF) is a well-established and robust technology for brackish 

and sea water desalination, based on evaporation of water by reducing the pressure instead of 

raising the temperature. Since early 1960s MSF has become the most common process for 

seawater desalination due to its reliability and simplicity, however, lower performance ratio 

and higher energy consumption are the main disadvantage[26]. Multieffect distillation (MED) 

is the oldest technique for seawater desalination based on heat transfer from condensing 

steam to seawater or brine in a series of stages[26]. MED can improve the efficiency 

minimizing energy consumption; however, MED is vulnerable to corrosion and scaling of 

oversaturated compounds. Vapor compression distillation (VCD) is a desalination technology 

to treat seawater and reverse osmosis (RO) concentrate and is a reliable and efficient process. 

Energy consumption of a VCD is significantly lower than that of MED and various enhanced 

vapor compression technologies have been carried out for produced water treatment. Hybrid 

thermal desalination method such as MED–VCD also has been exploited to perform higher 

efficiency. Although conventional thermal technologies are well-established, they have 

limitations such as the high investment costs and the significant energy requirements. 

Recently, however, innovative thermal processes make thermal process more attractive and 

competitive in treating wastewater.  

Membrane-based processes 

Membrane-based technologies have become a promising technology for produced water 

treatment[17] and have been used for both the pre-treatment and/or final treatment to meet 

the discharge standards and/or the water quality standards for drinking or irrigation[15]. 

Distinct advantages of membrane-based processes include followings: reduction of sludge, 

high quality of water production and the possibility of total recycle water systems. These 
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advantages, when considered along with conventional merits of membrane processes such as 

the small space requirements, moderate capital costs, and ease of operation, put more 

competitiveness on membrane technology over traditional wastewater treatment 

technologies[19]. In addition, integrated membrane systems in water desalination allow the 

overall water recovery to be increased up to 95%, minimizing the fouling phenomena and 

reducing the costs for chemicals and brine disposal[8].  

Pressure-driven membrane processes 

The pressure-driven membrane processes depend on the pore size of the membrane to 

separate various contaminants from the feed stream[17]. Microfiltration (MF) separates 

suspended particles and has been found as an effective pre-treatment prior to final treatment 

of produced water[15]. Ultrafiltration (UF) is for the separation of macromolecules and 

nanofiltration (NF) removes all colloids and several small organic and bivalent salts[7].  

Reverse osmosis (RO) process has been the main technology for high-salinity water 

desalination in the U.S. and many other countries[27] accounting for 60% of desalination 

across the world[28]. RO eliminates dissolved and ionic components and most of small 

organics based on a principle that pure water permeates through a membrane from saline 

water by applying a pressure larger than the osmotic pressure of the water[26]. RO is an 

advantageous process in terms of low energy requirements, low operating temperature, small 

footprint, and low water production costs. RO is a very effective desalination process[5], 

however, RO can be used when the TDS concentrations of saline water is up to 

approximately 35,000 mg L
-1

[16] and it is highly susceptible to scaling and fouling. Thus, 

pre-treatments such as MF or membrane bioreactor (MBR) to reduce fouling and scaling and 

the applications of NF or a combined UF/NF with RO system can enhance performances of 

RO[29]. 

Significant and interesting efforts have been devoted to test feasibility of pressure-driven 

membrane operations to treat produced water[2, 3, 6, 15, 19, 21, 23, 27, 29, 30]. Those 

membrane processes included a single membrane unit or combined units and showed 

efficient removal of TDS or high quality water by meeting standard for drinking water or 

irrigation purposes. Recently, MF, UF, and RO have been implemented to treat produced 
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water for commercial applications[2]. For instance, more than 93,600 gallons of potable 

water per day from the RO membrane have been supplied to the people of Wellington in U.S.. 

Non pressure-driven membrane processes 

Electrodialysis (ED) and ED reversal (EDR) are electrochemically driven desalination 

technologies[18]. These processes separate dissolved ions from water through ion exchange 

membranes and are an excellent technology for produced water treatment, for example, TDS 

removal efficiency can be achieved in a range of 93.4% - 96.5%[27]. But these methods work 

best when relatively low saline produced water treated and have limitations; fouling and high 

treatment cost. 

Forward osmosis (FO), is an emerging desalination technology that can offer robust treatment 

of oil and gas waste streams rejecting contaminants and avoiding the drawbacks of pressure-

driven membrane processes[5]. In FO, water flux is driven by an osmotic pressure difference 

between a feed solution and a concentrated draw solution that has a higher osmotic pressure 

than that of the feed. FO can be used to desalinate high-salinity waters under low pressures 

and fouling of the membrane is lower than pressure-driven membrane processes [16]. This 

low fouling propensity can enhance the overall process efficiency by reducing pretreatment 

requirements for produced water. The selection of an appropriate draw solute is pivotal which 

must possess high osmotic pressure and be separated and reconcentrated efficiently. 

Membrane operations can be effective and efficient to treat produced water, however, 

complex nature of composition of produced water creates several challenges such as fouling 

phenomena and multiple steps of pretreatment. Therefore, significant progress must be made 

to reduce membrane fouling and the extent of pretreatment to increase efficiency of 

membrane processes by extending the life of membranes. 

2.2.5. Membrane Distillation-Crystallization for Produced Water Treatment 

Membrane distillation-crystallization (MD-MCr) is an innovative membrane-based process 

with a capability to treat highly saline solutions and to recover valuable salts from the feed 

streams. Membrane distillation (MD) is particularly suited to desalinate high-saline waters 

such as produced waters since water flux in MD is only slightly affected by the feed 
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concentration[16]; a study found that increasing the TDS concentration of the feed from 

35,000 to 75,000 mg L
-1

 reduces the permeate flux by only 5%. Also it can be operated under 

atmospheric pressure and can treat wastewaters with various salt concentrations as it is not 

subject to the pressure-driven processes such as RO[32]. As a result, fresh water production 

in the MD process is only limited by the maximum solute solubility if membranes are not 

wetted and the operating pressures are lower than the liquid entry pressure (LEP)[9]. In 

addition, 100% salt rejection, theoretically, can be achieved and MD has a lower fouling 

propensity than that of pressure-driven membrane processes.  

Comparing to RO process, MD may have more economic competitiveness since MD does not 

require cooling of feed solutions reducing additional energy costs, which make MD process a 

very useful process, in particular, to treat produced water at high temperatures[33]. Coupling 

produced water which is already at a temperature between 60 and 80 °C with a permeate 

stream at 20 °C can yield practical water fluxes and thermal efficiencies[16].  

The ability to utilize the low-grade heat or renewable energy sources such as solar energy 

endows MD with unique opportunities to be more attractive since MD can be operated under 

relatively low temperatures. A few MD projects using solar thermal energy have been 

reported. In Jordan, two solar thermal MD units were developed and installed[34], where 

spiral air gap membrane distillation module was included. Estimated costs of produced 

potable water were 15 $ m
-3

 and 18 $ m
-3

 by the compact unit and by the large unit, 

respectively. Another membrane distillation solar desalination unit has been built in 

Alexandria, Egypt under the project named ―PV and thermally-driven small-scale, stand-

alone desalination system with very low maintenance needs (SMADES) operated in a 

temperature range of 60–90°C and a wide range of capacities up to 10 m
3
 per day[35].   

Several studies have pointed out that MD can be a novel technology to treat produced water. 

Abdullah Alkhudhiri et al. implemented air gap membrane distillation (AGMD) to treat 

produced water[25]. D. Singh et al.[33] employed direct contact membrane distillation 

(DCMD) to test simulated produced water at high temperatures (>100 ◦C). A water flux of up 

to 195 kg m
-2

 hr
-1

 was achieved at 128 ◦C, which is around an order of magnitude higher than 

that of seawater RO process. They also treated three different produced waters[36] reporting 

that more than 80% water recovery could be achieved with very low level of TDS. 
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Macedonio et al. investigated DCMD for produced water treatment under various 

hydrodynamic and thermal conditions[37]. Salt rejection factor greater than 99% and total 

carbon rejection higher than 90% were acquired and economic analysis was also carried out 

to assess the feasibility of the process. 

Another advantage of MD process is the ability to concentrate the feed solution up to 

supersaturate state, which allows the crystallization of salts from the solution[29]. Thus, 

integration of MD with crystallization (MD-MCr) enables to produce not only fresh water but 

also valuable crystals from brine solutions. In particular, the capability of MD-MCr to be 

integrated with other membrane modules creates additional positive effects. High level of 

total water recovery (TWR) can be achieved if the MD-MCr unit is collaborated with RO[38] 

or with MF–NF–RO[39] yielding greater than 96% of TWR from RO brine and alleviating 

brine disposal problem and its negative environmental impacts simultaneously[40]. The 

cooperation of MD with other membrane units fits also well the concepts of ‗process 

intensification‘ and ‗zero liquid charge‘. 

As aforementioned, MD-MCr has a potential to treat produced water, however, the 

compositional complexity of produced water can pose challenges to MD‘s 

implementation[16]. Small organic compounds and dissolved gases can be transported across 

the membrane along with the water vapor, resulting in contamination of the permeate stream. 

Certain components such as alcohols and surfactants can lower the liquid surface tension at 

the interface of membrane pores in the feed side causing membrane wetting by which the 

liquid can penetrate through the membrane, and consequently, deteriorating the permeate 

quality. Furthermore, fouling phenomena, in particular, mineral scaling resulting from high 

salinity of the produced water can lead to flux decline and pore wetting. Therefore, it will 

likely be necessary to couple with pre-treatments and periodic membrane cleaning to 

minimize fouling. Also, suitable membranes and module designs will have to be tailored to 

enhance the MD-MCr‘s performances for produced water treatment. 

 

3. Membrane Distillation and Crystallization - Overview 

Membrane Distillation (MD), a thermally driven separation process, has emerged as a 
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promising desalination technique to surpass drawbacks of conventional processes[28]. The 

progress in MD was slow since its first publication in 1960s[41] until 1980s due to several 

limitations. Since 1980s, however, MD process has become more attractive technology and 

growing researches have been conducted thanks to improvement of performances and the 

renewable energy availability and recently, MD has succeeded in being implemented 

commercially. 

 

3.1. MD Process 

MD is a non-isothermal separation process in which only vapors are transported through a 

microporous hydrophobic membrane. The driving force in the MD process is the vapor 

pressure difference induced by the temperature gradient across the membrane; thus heat and 

mass transfer occur simultaneously in this process[42]. The hydrophobic nature of the 

membrane hinders penetration of liquid phase and creates a liquid–vapor interface at the pore 

entrances where liquid–vapor equilibrium is established. MD principle, in general, can be 

described as follows;(1) a heated feed solution is brought into contact with one side of the 

membrane, (2) evaporation occurs at the feed-membrane interface and volatile compounds 

diffuse and/or convect across the membrane pores, (3) vapors are condensed and/or removed 

on the other side (permeate or distillate) of the system. The terminology and main 

characteristics of membrane distillation were established in 1986 and are described in ref.[43]. 

The main advantages of MD process are as follows[38, 42, 43, 44]: (1) 100% (theoretical) 

rejection of non-volatile solutes, (2) lower operating temperatures; low-grade, waste and/or 

alternative energy sources are available, (3) lower operating pressure than pressure-driven 

membrane processes, (4) capability to concentrate the feed up to its saturation point, (5) 

lower energy consumption and smaller equipment due to reduced vapor spaces than 

conventional distillation processes, (6) less demanding membrane mechanical property 

requirements, (7) less fouling than other membrane separation processes, such as RO, (8) 

capability of heat recovery by a heat exchanger or by an internal heat recovery function, (9) 

feasibility to be combined with other processes such as UF or RO unit creating integrated 

systems. 
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There are several obstacles to commercial implementation of MD[45]: (i) relatively low 

permeate flux compared to other membrane techniques such as RO, (ii) flux decay due to 

concentration and temperature polarization effects, membrane fouling, and membrane wetting. 

(iii) inappropriate membranes and module designs for MD. (iv) uncertain energy 

consumption and economic costs. Moreover, since MD is thermally driven process, energetic 

inefficiencies exist in MD process due to temperature and concentration polarization effects 

(Fig. 4), air/gas trapped inside the membrane pores, and the heat loss by conduction through 

the membrane matrix or through the module to the environment. These factors result in lower 

driving force leading to lower mass flux.  

 

Fig. 4. Temperature and concentration polarization phenomena in MD[46]. 

 

In the last decades, a myriad scientific endeavors has been dedicated to MD technology to 

overcome drawbacks mentioned above, having been proved by the number of scientific 

journal publications which increased 42-fold during the period from 1980 to 2005 in 

comparison with pre-1980 publications[47].  

Those efforts to improve the overall efficiency of MD have been mainly focused on the 

followings; (i) membranes material design suitable for MD[48]–[56] and the effect of their 

properties on the flux[57–60], (ii) optimization of operating variables such as feed 

temperature and flow rate by investigating their effects on the MD performance[61, 62], (iii) 

innovative module or configuration design[38, 53, 63, 64] . More fundamental approaches 
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have also been carried out to better understand of mass and heat transfer[65–68] and of 

fouling phenomena[69, 70] in MD process. In addition, researches on long term 

performances of MD[71] and a potentiality to use renewable energy (i.e. solar energy)[72] as 

well as economic evaluation including energy consumption[37, 39, 40, 46, 73] have been 

added to render MD technology more competitive. 

 

3.2. MD Configurations and Module Designs 

The MD driving force is the vapor pressure gradient across the membrane. MD configuration 

can be classified into four categories, as depicted in Fig. 5, depending on the methods to 

maintain the vapor pressure difference[45]: 

Direct contact membrane distillation (DCMD) 

An aqueous solution colder than the feed solution is in direct contact with the permeate side 

of the membrane, and consequently, volatile molecules evaporated in the feed side are 

condensed in the cold vapor-liquid interface in the permeate side. The temperature difference 

across the membrane causes a vapor pressure difference. Heat loss in this configuration is 

higher than that of the other configurations, however, the DCMD mode is the most studied 

and more than 60% of studies are focused on the DCMD configuration due to its simple 

operation[45]. DCMD is widely employed in desalination processes or concentration of 

aqueous solutions in food industries[75]. Recently, Vacuum-enhanced direct contact 

membrane distillation (VEDCMD) has been designed for better water recovery[38]. 

Air gap membrane distillation (AGMD) 

A stagnant air gap is placed between the membrane and a condensation surface in the 

permeate side. In this case, the evaporated volatile molecules move through the membrane 

pores and the air gap and are condensed at a cold surface. AGMD configuration shows the 

lower permeate flux compared to that of the other configurations due to new resistance to 

heat and mass transfer induced by the air gap, however, the introduced air gap diminishes 

considerably the heat loss by conduction and the temperature polarization. This configuration 

is suitable for desalination and removing volatile compounds such as alcohols from aqueous 
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solutions[47,49].  

Sweeping gas membrane distillation (SGMD) 

A cold inert gas flows the permeate side of the module carrying the vapor molecules and 

condensation occurs outside the membrane module. In SGMD, heat loss is reduced due to a 

gas barrier between the membrane and the cold surface and mass transfer coefficient is 

enhanced due to non-stationary gas. Accordingly, the SGMD configuration yields higher 

permeate flux and evaporation efficiency than the DCMD process. However, the main 

drawback is the dilution of the vapor by the sweep gas, which demands higher condenser 

capacity. This configuration can be utilized for removing volatile substances other than 

water[76]. 

Vacuum membrane distillation (VMD) 

Vacuum is applied in the permeate side by means of a vacuum pump and the applied vacuum 

pressure is lower than the saturation pressure of volatile molecules to be evaporated from the 

feed solution. Like SGMD, condensation takes place outside of the membrane module. VMD 

configuration exhibits higher permeate flux and practically negligible heat transfer by 

conduction through the membrane. The permeate flux is higher at lower permeate pressure, 

however, the risk of membrane wetting is very high due to vacuum applied. Therefore, the 

trans-membrane hydrostatic pressure must be kept below the minimum feed liquid entry 

pressure (LEP) of the membrane. 

 

Fig. 5. Main types of MD configurations[45]. 
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As other membrane processes, four basic types of module design typically can be applied in 

MD process[75]. 

Plate and frame 

The membrane and the spacers are sandwiched between two plates (e.g. flat sheet). The flat 

sheet design is widely used on laboratory scale since it is convenient to clean and replace. 

However, the packing density, defined as the ratio of membrane area to the packing volume, 

is low and a membrane support is required. 

Hollow fiber 

The hollow fibers are placed in the module and the solution flows through the shell side 

(outside of the fiber) or lumen side (inside of the fiber) of the hollow fiber. The main 

advantages of this module are very high packing density and low energy consumption 

whereas it is susceptible to fouling and is difficult to clean and maintain. Additional problems 

exist such as fiber vibration during the process, non-uniform packing of fibers and/or 

polydispersity of inner diameter of fibers. However, the flux using hollow fiber membrane 

can be enhanced by inserting baffles and spacers and by organizing hollow fibers with wavy 

geometries (twisted and braided)[63]. 

Tubular membrane  

Tube-shaped membrane is inserted between two cylindrical chambers. In the commercial 

applications, the tubular module is more preferred due to low propensity to fouling, easy 

cleaning, and high effective area. However, the packing density of this module is low and 

operating cost is high. 

Spiral wound membrane  

In this type, flat sheet membrane and spacers are integrated and rolled around a perforated 

central collection tube. The feed flows across the membrane surface in an axial direction, 

while the permeate moves radially to the center and exits through the collection tube. The 

spiral wound design has high packing density, average tendency to fouling and reasonable 

energy consumption. 
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3.3. Membranes  

The membrane plays an important role in MD process to maintain the thermodynamic 

equilibrium at the liquid–vapor interface[77] and structural and physicochemical properties of 

membranes influence largely to the final performance of MD[28]. MD is limited to the use of 

hydrophobic and microporous membranes which are typically fabricated from 

polytetrafluoroethylene (PTFE), polypropylene (PP), and polyvinylidene fluoride 

(PVDF)[58]. In fact, membranes used in MD process are made for microfiltration 

purposes[45]. In the last years, therefore, significant endeavors have been devoted to the 

preparation of membranes specifically designed for MD applications to enhance flux and/or 

hydrophobicity[48–56, 59, 60, 78]. 

Membrane characteristics 

Membranes for MD process should exhibit a high bulk and surface porosities, optimum pore 

size and narrow pore size distribution, high hydrophobicity, high LEP, optimum thickness, 

low thermal conductivity, high thermal and chemical stability, less vulnerability to fouling, 

and long term permeance stability[59] 

High porosity not only provides more area inside the membrane for vapor diffusion, but also 

helps to reduce the heat lost by conduction. Thus, porosity higher than 70% with pore size of 

0.2–0.3 µm is desired for the membranes in MD.[56].  

Optimum pore size is important factor to prevent membrane wetting and to ensure high 

permeate flux as well. To avoid the liquid penetration through the membrane pores, the 

membrane pore size should be small whereas a bigger pore size is desirable from the mass 

transfer point of view. Therefore, optimum pore size with a sharp pore size distribution (e.g. 

between 0.3 and 0.5 µm[54]) should be determined and commonly used pore size for MD 

ranges from100 nm to1 μm[28]. Moreover, broader distribution of pore sizes generates less 

vapor flux when having the same mean pore size than the flux of mono-dispersed 

distribution[57] and the effect of the pore size distribution on the water flux becomes more 

significant as the pore size distribution becomes broader [58]. 

The membrane thickness is crucial for the permeate flux which is inversely proportional to 

the membrane thickness. However, a thick membrane possess better heat insulation than a 
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thin membrane[64]. Therefore, optimum thickness should be determined depending on 

membrane‘s other properties. Tortuosity is defined as the deviation of the pore structure from 

the cylindrical shape. As a result, the higher the tortuosity value becomes, the lower the 

permeate flux becomes. 

Membrane wetting 

Liquid entry pressure (LEP) is an important membrane characteristic to prevent the feed 

liquid from penetrating the membrane pores; so the hydrostatic pressure applied in feed side 

should not exceed the LEP. LEP depends on the maximum pore size and the membrane 

hydrophobicity as described in Laplace (Cantor) equation (Eqn. (1))[41]: 

              Pliquid - Pvapor = Δ Pinterface < Δ P entry = 
−2𝐵𝛾𝐿 cos𝜃

𝑟𝑚𝑎𝑥
    (1) 

Where γL is the liquid surface tension, θ is the liquid-solid contact angle, rmax is the largest 

pore radius, and B is a geometric factor determined by pore structure. If Δ Pinterface exceeds Δ 

P entry, the liquid can penetrate through the membrane pores causing pore wetting. Wetted 

pores keep allowing liquid transport from the feed to the permeate side, which can result in 

several problems, for example, contamination of the permeate quality in DCMD and AGMD. 

High LEP can be achieved with small pore size as well as high hydrophobicity since surface 

tension supports a pressure drop across the liquid-vapor interface up to the penetration 

pressure. Hence, the liquid-solid contact angle must be greater than 90° to ensure high 

surface tension to be used in MD.  

Membrane fouling 

The deposition of undesirable materials on membrane surface and/or membrane pores is 

known as fouling phenomena[45]. Fouling in MD systems can occur by inorganic/organic 

foulants, particulate and colloids, and biological microorganisms[69] among which scaling 

occurs when applied to concentrated salt solutions. The strength and nature of fouling depend 

on membrane properties such as membrane hydrophobicity, membrane surface structure and 

it has been reported that hydrophobic membranes are more prone to fouling[45]. Fouling is 

also affected by the feed and operating conditions[28].  

Fouling gives rise to a rapid flux decline as a result of complete or partial pore blockage[79] 
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and increased mass and heat transfer resistance due to fouling layer[70]. Furthermore, salts 

deposition inside the pores increases the risk of membrane wetting[29]. Fig. 6 illustrates the 

mechanism of wetting induced by salts formation inside the pores as the feed solution is 

concentrated. Salt crystallization in the membrane pores also causes the mechanical damage 

of the membrane structure[69]. However, It has been found that the chemical 

pretreatments[80] and/or microfiltration/ultrafiltraton[81] are effective to abate membrane 

fouling phenomena by removing foulants. 

 

Fig. 6. Membrane wetting induced by the salt deposition inside the pores during the 

concentration of solution, solute:[29]. 

 

3.4. Parameters Affecting MD Performances 

Feed temperature/Permeate temperature 

The effect of the feed temperature on vapor flux has been widely evaluated in the different 

MD configurations[9, 29, 32, 33, 36, 42, 47–49, 52, 62, 68, 73–76]. The MD flux is enhanced 

with the increase of the feed temperature due to the exponential increase of the vapor 

pressure of the feed solution with temperature. Higher temperature is preferred due to higher 

flux although the temperature polarization effect increases with the feed temperature. An 

increase in feed temperature also contributes to the concentration polarization, however, this 

effect is negligible compared to that of the temperature polarization[45].  

On the contrary to the effect of the feed temperature, the permeate temperature has opposite 
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effect on the permeate flux[29, 32, 52, 74, 76]. In other words, the flux is lessened as the 

temperature in the permeate side increases due to decreased trans-membrane temperature 

gradient as far as the feed temperature is kept constant. Moreover, the effect of feed side 

temperature on the flux is higher than that of the permeate side temperature[61]. This is 

because of the exponential relationship between the vapor pressure of water and its 

temperature, that is, the vapor pressure changes more steeply at high temperatures when 

compared to changes at low temperatures. 

Feed concentration  

MD can be operated for the treatment of highly saline solutions (i.e. non-volatile solute) 

without suffering from the large drop in the flux[38]. When non-volatile solutes are 

considered, the effect of the high feed concentration is to cause a decrease in the permeate 

flux[29, 32, 47, 74–76]. This is due to the fact that the presence of non-volatile solute to 

water diminishes the partial vapor pressure and consequently, the driving force of MD 

reduces. When aqueous solutions contains volatile components such as alcohols, the effect of 

increasing solute concentration shows different pattern and depends on the thermodynamic 

properties of the volatile molecules and its interaction with water[45]. Generally, in such 

cases, an increase in volatile solute concentration brings about a higher permeate flux[73,76]. 

Feed flow rate /Permeate flow rate 

The permeate flux is influenced by the hydrodynamic conditions in the feed side of the 

module. The mass flux is increased as the feed flow rate becomes higher. This can be 

accounted for reduced temperature and concentration polarization effects in the feed side of 

the membrane module resulting in higher permeate flux. Therefore, generally, the efficiency 

of MD process is ameliorated with an increase of the flow rate. This effect is more significant 

for the feed velocity and less for the distillate velocity[29]. It is worth mentioning that 

turbulence flow induced by such as spacers in the feed channel attenuates temperature and 

concentration polarization effects resulting in enhanced flux[61].  

The effect of the permeate flow rate can be investigated only for DCMD and SGMD 

configurations[45]. Similar to the effect of the feed flow velocity, an increase of the permeate 

flow velocity improves the heat transfer coefficient in the permeate side of the module by 
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reducing the temperature polarization phenomena. As the heat transfer coefficient increases, 

the temperature at the membrane surface approaches the bulk temperature in the permeate 

side and consequently, the driving force as well as the permeate flux are enhanced. However, 

in some studies, the increased permeate flow rate had a negligible effect on the flux[86]. 

 

3.5. Applications 

MD has been applied for separation of non-volatile components from water like ions, colloids, 

macromolecules[45] because of its almost 100% solutes rejection, for the extraction of 

organic compounds such as alcohols[77, 79, 80] or benzene[89]from dilute aqueous solutions 

and for the removal of heavy metals[90]. Also, MD has been investigated for food process 

such as concentrating fruit juice[83, 84] due to its lower operating temperature. However, the 

main applications of the MD lie in the water treatment. MD has been exploited to treat waste 

water from textile industry[93] and radioactive wastewater[28] and widely applied for 

desalination of brackish water, sea water, or RO brine[38, 48, 54, 63, 75, 86]. Recently, MD 

has widened its territory into produced water treatment[36, 37].In addition, MD integrated 

with membrane crystallization (MD-MCr) has been successful to recover salts from the brine 

solutions[94] and to produce protein crystals (i.e. lysozyme)[95]. 

 

3.6. Membrane Crystallization 

Membrane Crystallization (MCr) has been recently proposed as an alternative technology to 

produce crystals from highly concentrated solutions[96]. MCr lies in an extension of the MD 

process where evaporative mass transfer of volatile solvents through the membrane occurs to 

concentrate feed solutions above their saturation limit rendering the solution the supersaturate 

state for nucleation and crystal growth[40]. Based on this working principle, MCr has been 

successfully tested in the crystallization of low molecular organic acids and proteins[97] and 

used for recovery of salts (i.e. sodium chloride, and magnesium sulfate) from brines[98].  

MCr provides several advantages over traditional crystallization techniques such as high 

surface area for mass transfer and manipulation of supersaturation level. Moreover, 
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heterogeneous nucleation mechanism which takes place on polymeric membrane surface 

curtails induction time to supersaturation point. Most of all, high quality of crystals can be 

obtained using MCr process, in other words, crystals are characterized with well-defined size, 

narrow crystal size distribution (CSD), lower value of coefficient of variation (CV) and well-

structured shape[99]. This is due to the fact that the laminar flow of the solution through the 

membranes[97] and separated evaporation and crystallization in different places[96]  

enhances the homogeneity of the mother liquor and weakens mechanical stress, promoting an 

oriented aggregation of the crystallizable molecules with respect to conventional crystallizers.  

A crucial requirement for the MCr is to prevent crystal deposition inside the membrane 

module[96]. At high concentration, solute from the feed solution can be deposited on the 

membrane surface resulting in flux decline and membrane wetting which exacerbate the 

crystallization process. Thus, it is important to minimize the scaling phenomena to maximize 

the crystal production. To give an example, applying the shear stress in membrane crystallizer 

or regular membrane cleaning may be sufficient to avoid crystal scaling on the 

membrane[100]. 

 

4. Experimental 

4.1. Materials and Methods 

Produced water 

Produced water from an oilfield was used in this experiment. Prior to membrane distillation 

process, the water was pretreated by microfiltration and activated carbon filtration to remove 

oil, suspended solids, and H2S to minimize membrane fouling[37]. The water sample was 

also characterized in terms of total suspended solids, total dissolved solids, ionic composition, 

carbon content, conductivity, and pH[37]. The characterization analyses showed that the 

water sample contained diverse organic/inorganic constituents and the level of total solids 

and total dissolved solids were 248,200 and 247,900 mg/L, respectively, which was higher 

than those of seawater. The water also contained 1,2-diethoxy ethane. Detailed characteristics 

of the produced water are shown in Table 1. 
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Table 1. Basic characteristics of the produced water[37]. 

TC TOC TIC TS TDS Conductivity pH 

[mg L
-1

] [mg L
-1

] [mg L
-1

] [mg L
-1

] [mg L
-1

] [ms cm
-1

]   

40.72 18.1 22.62 248200 247900 228.2 6.15 

* TC: total carbon, TOC: total organic carbon, TIC: total inorganic carbon, TS: total solids, TDS: total 

dissolved solids.  

 

Membranes 

Two types of microporous hydrophobic membrane were used in the experimentation. 

Polyvinyledene fluoride (PVDF)-based hollow fiber membrane was prepared by the dry/wet 

spinning technique in the laboratory and three hollow fibers were coaxially inserted into 

module (length 20 cm)[51]. Commercial polypropylene (PP)-based hollow fiber membrane 

was purchased from Membrana GmbH (PP Accurel
®

 S6/2) and four fibers were assembled in 

module[51]. Both PVDF and commercial PP membranes were characterized in the lab and 

basic properties of each membrane are shown in Table 2. 

Table 2. Membrane properties of PVDF and PP Accurel
®
 S6/2[51]. 

Type  
OD ID  Thickness Membrane area  Largest pore size Average pore size Porosity 

[mm] [mm]  [mm]  [cm
2
]  [µm] [µm] [%] 

PVDF 1.80 1.04 0.38 20.882 0.219 0.191 80.9 

PP  2.70 1.80 0.45 55.786 0.682 0.200 70.0 

* ID: inner diameter, OD: outer diameter. 

 

4.2. MD-MCr set up 

In this work, DCMD was employed to test produced water since it had been considered as the 

best configuration for applications where the major volatile component is water such as 

desalination. In this configuration both feed and permeate solutions were in contact with the 

membrane. The apparatus for DCMD tests consisted of two loops as shown in Fig. 7; (i) the 
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hot feed loop and (ii) the cold permeate loop. The feed solution was immersed into water bath 

which was heated by heater (GTR2000, I.S.C.O), before entering into the membrane module. 

And then, the heated feed stream was introduced to the shell side of the module. Similarly, 

the permeate was cooled using refrigerated thermostatic bath (Thermo Haake Arctic SC150 

A25, Cole-Parmer) and flowed through the lumen side of the membrane module. The desired 

flow rates were controlled and both flows were circulated using peristaltic pump (Master flex 

L/S, Cole-Parmer) and temperature sensors were connected to each side of inlet/outlet of two 

streams. The distilled water was collected into the permeate tank. The membrane module was 

placed with vertical configuration to minimize fouling on the membrane surface. Counter-

current flow configuration was employed for better heat transfer between the two 

compartments; the permeate flux increases when the counter-current flow is implemented 

comparing with co-current flow because an intermediate temperature gradient will remain 

constant throughout the flow resulting in a higher permeate flux. 

 

Fig. 7. MD-MCr set up; (a)Feed tank, (b)Heater, (c)Feed pump, (d)Flow meter, (e) 

Membrane module, (f)-(i)Temperature sensors. (j)Cooler, (k)Flow meter, (l)Permeate pump, 

(m)Permeate tank. 
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4.3. MD-MCr test 

In this work, produced water and double distilled water were used as a feed solution and a 

permeate solution, respectively. Two different membrane modules were utilized; one module 

was polypropylene (PP) membrane-based and the other one was polyvinyledene fluoride 

(PVDF) membrane-based module.  

PP membrane module was explored to evaluate the effect of feed inlet temperatures and of 

hydrodynamic conditions on MD performances. In the first phase, feed temperatures were 

varied from 37°C to 55 °C while the permeate inlet temperatures were kept constant at 11 and 

19 °C. The feed flow rate and the permeate flow rate were fixed constant at 150 ml min
-1

 and 

75 ml min
-1

, respectively. During the second phase, three different flow rates were explored 

from 150 ml min
-1

 to 250 ml min
-1

 with the interval of 50 ml min
-1

 at highest feed inlet 

temperature (57 ± 4 °C). The permeate flow rate was the same as applied in the first phase 

and the permeate inlet temperature was fixed at 17 ± 1 °C.  

For PVDF module, double distilled water was first used as a feed stream to compare the 

water flux of the distilled water with the produced water. Two feed temperatures, 40 °C and 

50 °C, were used and the feed flow rate, the permeate rate, and the permeate temperature 

were equal to 150 ml min
-1

, 32 ml min
-1

, and 13 °C, respectively. The permeate flow rate was 

adjusted to 32 ml min
-1 

to maintain constant Reynolds number as applied in PP module. And 

then, the produced water was tested as a feed stream to investigate the effect of membrane 

properties and of feed inlet temperatures at 36, 45, and 58 °C. The permeate temperatures 

were fixed at 13 and 17 °C. Operating conditions in this work are summarized in Table 3.  

During all experiments, the permeate volume was recorded to calculate trans-membrane flux 

and temperatures of inlet/outlet of two streams were continuously monitored and measured 

using dual channel thermometer (Basic type K, SperScientific). Also, conductivity was 

regularly monitored using conductivity meter (HI2300, Hanna Instruments) to check the 

leakage of the feed solution through the membrane resulting from membrane wetting. 

Each MD process was continued until the concentrated feed solution reached supersaturation 

state in which crystallization occurs. After crystals formation, samples were taken from the 

feed tank with regular interval of 30 minutes and characterized using optical microscope. 
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Generated crystals from each test were filtered from the mother liquor and dried using 

thermostatic vacuum oven (Vuotomatic 50,BICASA). 

Table 3. Operating conditions used in this MD tests. 

Module  Feed sol. Permeate sol. Feed flow rate  Permeate flow rate Feed temp. Permeate temp.  

      [ml min
-1

] [ml min
-1

] [°C] [°C] 

PVDF DW DW 150 32 40/50 13 

  PW DW 150 32 36/45/58 13/13/17 

PP PW DW 150 75 37/45/55 11/11/19 

      200/250 75 60/53 18/17 

* DW: distilled water, PW: produced water. 

 

4.4. Characterization of crystals 

The samples for the study of the membrane crystallization were withdrawn from the feed 

solution and examined visually with an optical microscope (ZEISS, model Axiovert 25). 

Pictures of crystals were recorded with a video-camera module (VISIOSCOPE Modular 

System) to determine the crystal size, the crystal size distribution (CSD), the mean crystal 

size (Lm) and the coefficient of variation (CV) of the crystals. The crystal size was obtained 

by processing the images using Image J software. Characterization of the crystals using 

energy dispersive x-ray (EDX) (recorded with a Philips EDAX analysis system) had been 

conducted in previous experiments. 

 

5. Results and Discussion 

5.1. MD performance 

Experiments were carried out to investigate the technical feasibility of the MD process to 

desalinate the produced water having high salinity. The commercial PP and PVDF membrane 

modules were used in the DCMD process under various experimental parameters as 

described in Table. 3. In each test, the permeate volume was measured and trans-membrane 

flux was calculated using the equation (Eqn. (2)) below: 
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𝐽 =
Volume of water permeated(L)

Membrane surface area(m2)∗Time(hr)
   (2) 

Fig. 8 displays obtained flux profile over time at two different feed inlet temperatures in PP 

and PVDF modules. The highest flux was achieved using the PVDF membrane at the highest 

feed inlet temperature (58 °C). Although higher flux was obtained using the PVDF membrane, 

the commercial PP membrane exhibited more stable fluxes during operations. So, it can be 

said that commercial PP membrane has better property in terms of stable flux behavior 

compared to the lab made PVDF membrane.  

On the other hand, small fluctuations in the fluxes were observed in both membranes, which 

can be explained with subtle changes of temperature in the feed side. During each test, feed 

inlet temperatures measured regularly were slightly changed. This may be because of the heat 

loss from the feed tank whose temperature was kept constant to the module entrance during 

delivery of the feed solution. Since MD is thermally driven process, it is sensitive to 

temperature changes. Taking into account this, it can be said that both membranes showed 

steady flux behaviors.   

 

Fig. 8. Water flux obtained at different feed inlet temperatures in PVDF module (a), and in PP 

module (b), (operational time: 250 min). 

 

Previous study[37] showed that the MD process was highly efficient to treat the same 
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produced water. Greater than 99% was achieved for rejecting the total dissolved solids in the 

feed solution in spite of the fact that the amount of organic carbon was also detected in the 

permeate stream due to 1,2- diethoxy ethane which is a volatile component having a 

capability to pass through the membrane. The characteristics of the obtained permeate are 

described in Table 4.  

Table 4. Properties of the permeate solution after MD process[37]. 

Type pH Conductivity TDS R (TDS) TOC R (TOC) TC TIC 

  
[µs cm

-1
] [mg L

-1
] [%] [mg L

-1
] [%] [mg L

-1
] [mg L

-1
] 

PP 7.15 817 695 99.7 33.42 92.9 67.55 34.13 

* R: rejection factor. 

 

The water recovery from the tested produced water was achieved up to 40%. In this work, the 

maximum water recovery test was not carried out and each test was terminated after 

crystallization due to crystals flowing through the membrane module. However, provided that 

proper crystallizer equipment with filtration system applied, the total water recovery can be 

increased up to 95%. 

In MD process, the driving force is the partial vapor pressure difference, and thus, the trans-

membrane flux relies on the driving force. Proportional relationship between the flux and the 

partial vapor pressure gradient can be described mathematically using the following equation 

(Eqn. (3)): 

𝐽 = 𝑐𝛥𝑃     (3) 

where constant c is a mass transfer coefficient which can be obtained experimentally and 

depends on membrane properties such as porosity, tortuosity, pore size, material, morphology 

of surface, and etc.. Despite of the dependency of constant c on temperature and pressure, in 

many cases, it is approximately constant. And ΔP is the vapor pressure gradient across the 

membrane.  

As illustrated in Fig. 9, the water flux showed descending pattern as the partial vapor pressure 
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difference reduced, which agrees well with the Eqn. (3).  

Herein, to quantify the driving force of the process, the log mean pressure difference (LMPD) 

(Eqn. (4)) was used[99]: 

     𝑃ln = 
 𝑃𝑖𝑛− 𝑃𝑜𝑢𝑡

ln
 𝑃𝑖𝑛
 𝑃𝑜𝑢𝑡

     (4) 

where ΔPin = P feed,in – P permeate,out, ΔPout = P feed,out – P permeate,in. 

Partial vapor pressure of the produced water was calculated using the following equation 

(Eqn. (5)) assuming that the solution is ideal dilute solution[41]: 

𝑃 = 𝛾(1 − 𝑥)𝑃°      (5) 

where P is the vapor pressure of the feed solution, γ is the activity coefficient, x is the mole 

fraction of the solute in the feed, and P
o
 is the vapor pressure of pure water.  

The vapor pressure of the pure water was calculated using Antoine‘s equation (Eqn. (6)): 

𝑃 = exp (𝐴 −
𝐵

𝑇−𝐶
)     (6) 

where A, B and C are equal to 23.238, 3841.273, and 45, respectively[33].  

The activity coefficient was calculated using the equation below (Eqn. (7))[29] under the 

assumption that the main salt of the produced water is sodium chloride: 

𝛾 = 1 − (0.5 × 𝑥𝑁𝑎𝐶𝑙) − (10 × 𝑥𝑁𝑎𝐶𝑙
2 )    (7) 

where γ  is the activity coefficient of produced water and xNaCl is the molarlity of sodium 

chloride. The molarlity of sodium chloride was calculated on a basis of the volume of 

removed water until the feed solution reached saturation point and the solubility of the 

sodium chloride at applied temperatures. 

 



42 

 

 

Fig. 9. Declining pattern of the flux and the LMPD in (a) PP module (feed temperature: 45 °C) 

and (b) PVDF module (feed temperature: 58 °C), (operational time: before reaching 

supersaturation state). 

 

Trans-membrane flux decline over time shown in Fig. 9 was observed in other tests as well. 

The observed decline of flux was resulted from the reduction of the driving force for the mass 

transfer as a result of the decreased partial pressure of water vapor in the feed, which can be 

explained using the Eqn. (5). In this equation, the vapor pressure is diminished as the mole 

fraction of the solute in the solution increases. 

During the MD process, water vapors are transported from the feed side to the permeate side 

and therefore, the feed solution is concentrated continuously as a function of time. Increased 

concentration of the solution leads to reduced vapor pressure of the water and as a result, the 

water flux decreases. The increase in solute concentration also affects the concentration 

polarization phenomena, defined as concentration difference between the bulk and the 

membrane surface, which can contribute to the permeate flux decline as well. However, 

taking into account that concentration polarization becomes significant only near saturation 

influencing about 5% on flux decay[101], the main reason for the flux decrease is due to the 

decline of the driving force (i.e. the partial vapor pressure difference). Moreover, compared to 

Fig. 9 (a), Fig. 9 (b) showed more rapid flux decline curve. This is because the feed solution 

in Fig. 9 (b) was concentrated faster due to higher flux than that of Fig. 9 (a). 
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The effect of presence of solute on flux can also be seen in Fig. 10, where the distilled water 

and the produced water were compared using the PVDF membrane. Fluxes were normalized 

using Eqn. (8) to neutralize the effect of different feed inlet temperatures: 

𝐽𝑁 = 𝐽𝑡 ∗ (
𝐿𝑀𝑃𝐷𝑟

𝐿𝑀𝑃𝐷𝑡
)     (8) 

where JN is normalized flux at time t, Jt is actual flux at time t, LMPDt is log mean pressure 

difference at time t, and LMPDr is the log mean pressure difference at reference point. As the 

reference point, the average value of log mean pressure difference from two tests was used.  

In Fig. 10, the flux from the distilled water was higher than that of the produced water. The 

produced water used in this test had high salinity and lower activity coefficient than that of 

the distilled water. Thus, according to Eqn. (5), the highly saline produced water has lower 

partial vapor pressure, which results in lower water flux than the flux of distilled water. 

 

Fig. 10. Trans-membrane flux profile from the distilled water (feed temperature: 40 °C) and 

the produced water, (feed temperature: 36 °C). 

 

5.2. Effects of feed inlet temperatures  

Several sets of experiments were performed to evaluate the effect of feed temperatures using 

both the commercial PP and the PVDF membranes. The feed inlet temperatures were varied 

by changing from 37 to 55 °C for PP membrane and from 36 to 58 °C for PVDF membrane. 
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As expected, the permeate flux increased with the feed inlet temperature for both membranes, 

which can be explained using Antoine‘s equation (Eqn. (6)). The partial vapor pressure 

increases exponentially with an increase of temperature, and consequently, the partial vapor 

pressure difference as the trans-membrane driving force is increased leading to enhanced 

water flux. The increased trend of trans-membrane flux with a rise of feed inlet temperature is 

shown in Fig.11.  

On the other hand, the effect of the permeate inlet temperature was not influential on the 

water flux. For both membrane modules, the permeate temperatures applied for the 

operations at the highest feed temperatures (~58 °C) were higher than those of the other tests 

at lower feed inlet temperatures as described in Table 3. Nevertheless, the permeate flux 

increased significantly as a function of feed temperature, which indicates that it is more 

effective to raise the feed temperature than to lower the permeate one to obtain a higher mass 

flux.  

 

Fig. 11. The effect of feed inlet temperatures on the water flux in PP module (a) and PVDF 

module (b) 

 

In fact, higher temperature increases the effect of temperature polarization which refers to the 

temperature difference between the bulk temperatures and the temperatures at the membrane 

surfaces on both sides of the membrane. The trans-membrane flux is reduced as a 

consequence of the temperature polarization since this effect decreases the temperature 
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difference across the membrane. 

There are two sources of the temperature polarization phenomena; the latent heat associated 

with vapor flux and conductive heat loss across the membrane. Both paths of heat transfer 

increase thermal boundary layers developed on the faces of the membrane. Evaporation of 

water molecules induces a cooling effect on the feed membrane side, and hence, at higher 

temperature, increased evaporation at the membrane surface imposes more cooling effect, 

generating thicker temperature boundary layer. In addition to this, the conductive heat flux 

through the membrane matrix increases linearly as the feed temperature increases. Overall, 

the increased heat transport from these two routes through the membrane resulting from a rise 

in feed temperature causes higher temperature gradient between the bulk and the membrane 

surface decreasing the temperature at the membrane surface in the feed side and increasing 

the temperature on permeate side of the membrane.  

Nevertheless, the increased heat flux utilized for evaporation of water molecules with the 

increased feed temperature in spite of its positive effect on temperature polarization 

contributes to exponential increase in the partial vapor pressure enhancing the net trans-

membrane flux. And evaporation efficiency, defined as the ratio between the heat utilized for 

evaporation to the total heat supplied across the membrane, is improved as well. Therefore, it 

is better to work under high feed temperature although the temperature polarization effect 

increases with the feed temperature. 

For reference, the increase in temperature improves the hydrodynamic condition in the feed 

side, which reduces the temperature polarization. However, this effect is not significant in 

comparison with the effect of increased heat transfer across the membrane. 

 

5.3. Effects of feed flow rates 

The effect of hydrodynamic conditions on trans-membrane flux was examined using PP 

membrane at highest feed inlet temperature (~ 60 °C). The feed flow rates ranged from 150 to 

200 ml min
-1

 while the permeate flow rate and inlet temperature were fixed at 75 ml min
-1

 

and 17 ± 1°C, respectively. Fluxes were normalized using Eqn. (8) to offset the effect of 
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different feed temperature in each test. 

Fig. 12 shows that increasing flux profile as a function of feed flow rate. The observed 

relationship between the permeate flux and the feed flow rate is essentially due to two effects.  

Firstly, it has been known that increased flow rate decreases the mass and heat transfer 

boundary layers in the feed side of the membrane module and thus, reducing the 

concentration and temperature polarization phenomena. Consequently, the permeate flux is 

enhanced due to increased heat transfer coefficient. However, considering negligible 

concentration polarization effect, reduced temperature polarization effect dictates the 

increased flux with respect to the feed flow rate. When the feed velocity at the liquid–

membrane interface is higher, the heat transfer from the bulk to the membrane surface is less 

interfered by the boundary layer. As a result, the temperature at the membrane surface 

become closer to the bulk feed temperature and the trans-membrane temperature difference 

becomes bigger. The increased temperature gradient across the membrane contributes to 

enhancing the driving force and hence, increasing the transport of vapors across the 

membrane and causing a positive influence on evaporation efficiency. 

 

 

Fig. 12. Flux profile obtained at different flow rate and the temperature difference between 

inlet and outlet of the feed stream as function of the feed flow rate. 
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Secondly, as seen in Fig. 12, the temperature difference between inlet and outlet of the feed 

stream became smaller as the flow rate increased, which means that temperature of the outlet 

of feed stream become closer to that of the feed inlet with enhanced flow rate. As a result, the 

driving force induced by the temperature difference across the membrane decreases less at 

higher flow rate than at lower flow rate along the membrane when the permeate temperature 

is kept constant, giving rise to increased heat transfer efficiency and vapor flux.  

Further, it has been turned out that higher flux can be obtained in turbulent than laminar 

regime by employing higher mixing intensity or higher circulation velocity. For instance, 

inserting spacers in the feed channel changes the flow dynamics of the fluid towards turbulent 

flow, which decreases the thermal boundary layer and thus, enhancing the mass flux by 50% 

approximately[68]. 

The permeate flux increased as the feed flow rate rose, however, the effect of feed flow rate 

was not pronounced comparing with the effect of feed inlet temperature on flux, indicating 

that the feed temperature is more significant factor to affect the partial vapor pressure 

gradient, the driving force of MD process. Moreover, the effect of hydrodynamic conditions 

on enhancement in the heat transfer efficiency is limited since the increase in feed flow rate 

cannot remove the temperature boundary layer completely. 

 

5.4. Effects of membrane properties 

The effects of membrane properties on the water flux were also investigated using the 

commercial PP and PVDF membranes at different feed inlet temperatures. Fluxes were 

normalized using Eqn. (8) due to different feed inlet temperatures. Overall, higher fluxes 

were observed in the PVDF membrane than the PP membrane regardless the feed 

temperatures (Fig. 13). However, the flux difference between two membranes at the lowest 

feed temperature (~37°C) was not distinguishable compared to those at higher feed 

temperatures, which may be due to the effects of other experimental parameters. 
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Fig. 13. The effects of membrane properties on the water flux from the PP and PVDF 

membranes at three different feed inlet temperatures. 

 

The main reason of the flux discrepancy between the PP and the PVDF membranes can be 

explained by the following relationship (Eqn. (9))[41] which describes the trans-membrane 

flux based on membrane properties[41]: 

      ∝  
<𝑟  

𝜏𝛿
      (9) 

where N is the molar flux, <r
α
 > is a mean pore size of the membrane, α is a constant factor 

which equals to 1 or 2 for Knudsen diffusion and viscous flow, respectively, ε is a membrane 

porosity, δ is a membrane thickness and τ is a membrane tortuosity. This equation illustrates 

that mass flux increases proportionally with respect to the mean pore size and the porosity 

whereas decreases with an increase in the tortuosity and the membrane thickness.  

According to Table 2, two membranes used in this experiment do not show significant 

difference in the mean pore size but different properties in the membrane thickness and the 

porosity. The commercial PP membrane has a higher value in the thickness than that of the 

PVDF membrane. Therefore, it can be expected that the PP membrane will exhibit lower 

molar flux than that of the PVDF membrane if other properties are the same. However, there 

is a trade-off between the membrane thickness and the flux. In other words, low thickness 
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provides less resistance to the mass transfer while thin membranes suffer from more heat loss 

due to conductive heat flux across the membrane matrix causing lower mass flux. Therefore, 

from this point view, it is difficult to draw a logical conclusion that the PP membrane had a 

lower vapor flux due to its higher membrane thickness compared to the PVDF membrane and 

therefore, additional investigations will be required to quantify the degree of effects of each 

property on the flux in detail.  

Another different property between two membranes is their porosities. The PVDF membrane 

has higher porosity than that of the PP membrane and the flux is influenced significantly by 

the porosity of membrane. Accordingly, the PVDF membrane showed higher performance in 

terms of flux than PP membrane due to mainly higher porosity considering uncertain role of 

the thickness on the permeate flux.  

A higher porosity of the membrane results in a higher vapor flux for two reasons. On the one 

hand, a membrane with higher surface porosity provides a higher effective mass transfer area 

since the liquid–vapor interfacial area is formed at the membrane pore entrances. As a result, 

the higher trans-membrane flux is obtained. On the other hand, a membrane with higher bulk 

porosity has higher effective molecular and Knudsen diffusion coefficients. Therefore, an 

increase in membrane bulk porosity directly leads to a higher mass transfer rate across the 

membrane. On top of that, as the bulk porosity of the membrane increases, the conductive 

heat loss through the membrane decreases. This is due to the fact that the more pores a 

membrane has, the higher volume of the membrane is occupied by the less thermal 

conductive air molecules, e.g. thermal conductivity of the air is 0.024 W (mK)
-1

 and thermal 

conductivity of the polymer matrix is 0.1–0.3 W (mK)
-1

[54]. Consequently, less conductive 

heat loss is translated into the higher effective heat flux leading to the higher mass flux.  

The value of tortuosity is not included in Table 4, however, it can be calculated by the 

following equation (Eqn. (10)) which has been shown to be in reasonable agreement with 

many membrane manufactured by the phase inversion method[70]: 

 =  
(2− )2

         (10) 

where ε and τ denote a membrane thickness and a membrane tortuosity, respectively. 
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Calculated tortuosities are 1.75 and 2.41 for the PVDF and the PP, respectively. Accordingly, 

higher flux can be achieved using the PVDF membrane since the flux is inversely 

proportional to the tortuosity. 

 

5.5 Membrane fouling and wetting 

In this work, each test was continued until the feed solution reached supersaturation state in 

order to recover salts from the produced water. Thus, despite of pre-treatment of the used 

produced water to reduce fouling phenomena from such as various organic components, salts 

deposition on the membrane surface was observed after crystallization. This scaling on the 

membrane surface is shown in Fig. 14. Moreover, the solubility of sodium chloride rarely 

changes at temperature ranges applied in this experiment (e.g. solubility of NaCl changes 

from 36.09 to 37.04 g (100g H20)
-1

 in a temperature range of 30 ~ 60 °C) and thus, membrane 

scaling occurred during the test at highest temperature (58 °C) as well although sodium 

chloride has a positive enthalpy change of solution (ΔHsol). 

 

Fig. 14. Observed scaling phenomena during the MD-MCr process (module: PP, feed 

temperature: 45°C) 

In the MD process, the feed solution flows through the module and is continuously 

concentrated. When the solution reaches supersaturation point, formation of the salt crystals 

may occur on the membrane surface first if the temperature of the membrane module is lower 

than that of the feed tank due to the heat loss to the surrounding. The temperature polarization 
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significantly facilitates the crystal nucleation on the membrane surface because the 

temperature of the membrane surface is lower than that of the bulk solution. In addition, 

hydrophobic membranes which are essential for MD process are more vulnerable to fouling 

or scaling phenomena. And polymeric nature of the membrane promotes nucleation on the 

membrane surface by inducing heterogeneous nucleation in which energetic barrier (the 

nucleation barrier) is lower than that of homogeneous nucleation increasing the probability of 

nucleation on the surface with respect to other locations in the feed system. 

The scaling on the membrane surface is one of the major operating problems of the 

membrane distillation process due to its effect on flux decline, which was also observed in 

each experiment after crystallization as shown in Fig. 15. Before crystallization, the flux was 

reduced mainly due to the decreased partial vapor pressure difference caused by increased 

concentration as demonstrated in previous section (5.1). However, the water flux was 

significantly diminished after crystallization. This is not only due to the increased 

concentration of the solution but also due to the fact that the salts formed on the membrane 

surface cause complete or partial pore blockage leading to the reduced surface area for 

evaporation and/or hindering vapor transport through the membrane pores. Moreover, partial 

wetting of pores can contribute to the flux decline. 

 

 

Fig. 15. Flux decline profile over time during entire operational time, (a) PVDF module, (b) 

PP module. 
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The presence of salts in the feed significantly affects the membrane wetting by scale 

formation at membrane surfaces which may diminish the membrane hydrophobicity. When 

the solution approaches to the oversaturation state, the crystallization may occur on the 

membrane surface due to concentration and temperature polarization effects, and further, the 

salts may form at the pore mouths because the temperature of the liquid-vapor interface is 

even lower than that of the membrane surface. As a consequence, the liquid-vapor interfaces 

are shifted into the permeate side leading to partial wetting of the membrane pores. And the 

partial wetting can lead to complete wetting as the scaling inside the pores continues. 

If partial wetting takes place, the vapor flux decreases owing to more reduced temperature 

gradient across the membrane resulting from lower temperature inside the pores than that of 

the membrane surface which is already lower than the bulk temperature. In case of complete 

wetting, the feed solution is able to penetrate through the membrane pores causing 

deterioration of the distillate quality.   

In this work, the conductivity of the permeate tank was monitored continuously during 

operations to detect the feed solution penetration as a result of membrane wetting. If the 

membrane is wetted, the leakage of the feed through the membrane pores can occur giving 

rise to dramatic increase in conductivity of the permeate solution, taking into account high 

level of conductivity and salinity of the used produced water (Table 1).  

However, during the MD operations, the membrane wetting (complete wetting) did not take 

place since remarkable increases in conductivity were not observed (Fig. 16). And the 

conductivities were not increased dramatically even after the crystallization. However, it is 

possible that partial wetting occurred contributing to the flux decay. Although the 

conductivities were slightly increased as shown in Fig. 16, this can be due to another volatile 

component, 1,2- diethoxy ethane. Accordingly, the resultant permeate solution may need 

further process to separate 1,2- diethoxy ethane from the obtained distilled water to meet the 

standards for beneficial uses. 
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Fig. 16. Plot of measured conductivities of the permeate solution during the MD operation 

(module: PP membrane, feed inlet temperatures: 36, 45 °C). 

 

In this work, further investigation to minimize observed scaling phenomena was not 

conducted. However, the scaling caused by crystallization on the membrane surface can be 

avoided or minimized by manipulating the membrane module design[36], by exerting 

external heating or cooling on the membrane module[94], by increasing flow rate in the feed 

side [79], or by increasing surface roughness[19]. 

 

5.6. Characterization of crystals 

In this work, membrane distillation process was integrated with crystallization (MD-MCr) 

where membrane distillation was used to produce fresh water and to generate the desired 

supersaturation and product crystals were recovered through crystallization process. When 

the feed solution is concentrated until reaching supersaturation state, nucleation takes place 

and crystals grow over time. In this experimentation, crystallization occurred when about 32% 

of water was removed from the feed solution. After crystals formation, samples were taken 

from the feed tank every 30 minutes and characterized using optical microscope and EDX.  

The rate of concentration process of the feed solution by the MD is dependent on the 
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temperature and the flow rate in the module. Therefore, the time to reach supersaturation state 

in each operation was varied with the feed inlet temperatures and the feed flow rate as seen in 

Table 5 and Table 6. Table 5 shows apparent effects of the feed temperature and the feed flow 

rate on the time to reach crystallization in the PP membrane module which was decreased as 

these parameters increased. This is because of the enhanced water flux as a function of the 

feed inlet temperature and flow rate. The higher water flux is, the higher rate of water 

evaporation is yielded, leading to faster oversaturation of the solution. The similar pattern 

was observed in the PVDF membrane module as well, where faster supersaturation state was 

achieved with a rise in the feed inlet temperature (Table 6). 

Table 5. Time to reach for crystal formation in PP module at different feed temperatures and 

feed flow rates. 

Temperature [°C] Time for 

crystallization [hr] 

Flow rate  

[ml min
-1

] 

Temperature 

[°C] 

Time for 

crystallization [hr] (Flow rate: 150ml min
-1

) 

36.5 17.3 150 55 4.5 

45 9.8 200 60 3.3 

55 4.5 250 53 4.6 

 

Table 6. Time to reach crystal formation in PVDF module at different feed temperatures. 

Temperature [°C]   Time to reach crystallization 

(feed flow rate: 150ml min
-1

) [hr] 

36 43.9 

45 15.3 

58 7.8 

 

The time to reach crystallization, however, was not reduced as the feed flow rate increased 

from 200 to 250 ml min
-1

 in the PP module. This was due to lower feed temperature at the 

flow rate of 250 ml min
-1

 than that of the flow rate of 200 ml min
-1

 as shown in Table 6, 

which confirms that the feed temperature is more significant operating parameter that affects 

not only on the water flux but also on the time for supersaturation point. 

After crystals formation, samples were taken from the feed tank every 30 minutes and 

characterized using optical microscope and EDX. As aforementioned in experimental section, 
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EDX analysis had been carried out prior to this work and the result is shown in Fig. 17. 

According to EDX analysis, the crystal product from the produced water was identified as 

sodium chloride (NaCl). 

 

Fig. 17. EDX spectrum of produced NaCl crystals from the produced water. 

 

Fig. 18 depicts image of NaCl crystals formed from the produced water and shows its 

characteristic cubic shape, which is in accordance with the geometry of the NaCl crystals.  

 

Fig. 18. Image of crystals obtained in PP membrane module (feed temperature: 37 °C, 

permeate temperature: 11°C, feed flow rate: 150 ml min
-1

, permeate flow rate: 75 ml min
-1

). 
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In each sample, however, elongated shaped crystals were also observed, which was owing to 

the presence of impurities. Therefore, the length/width ratio of each crystal was determined, 

prior to which the size of each crystal was measured using Image J software by processing 

each image obtained from the optical microscope. Fig. 19 shows that more than 60% of 

particles exhibited the length/width ratio less than 1.5 indicating that large portion of crystals 

obtained in this work are almost cubic shaped. 

 

Fig. 19. Length/width ratio, (a)PVDF module (feed temperature:55 °C, feed flow rate:150 ml 

min
-1

, (b)PP module (feed temperature:37 °C, feed flow rate:150 ml min
-1

). 

 

The measured size of crystals using Image J software also was used to determine the crystal 

size distirubution (CSD), mean crystal size (Lm), and coefficient of variation (CV) which are 

main characteristics of crystalline products. CSD is an important criterion for the crystal 

quality; in general, narrow size distribution around the mean crystal size is required for both 

small and large crystals. Fig. 20 shows the evolution of crystal size distribution (a) and 

cumulative size distribution (b) obtained from one of the tests carried out in this work. Both 
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figures display that the initial graph is shifted towards larger dimension over time as a result 

of crystal growth.  

 

Fig. 20. (a) Crystal size distribution, (b) Cumulative distribution of crystals (membrane 

module: commercial PP, feed temperature: 55 °C, permeate temperature: 19 °C, feed flow 

rate: 150 ml min
-1

, permeate flow rate: 75 ml min
-1

). 

 

CSD and cumulative size distribution allow to evaluate CV defined as the width of a 

distribution around the mean size, which was calculated by the following formula (Eqn. 

(11))[94]: 

CV =
standard deviation

mass based mean size
= 100

PD84%−PD16%

2∙PD50%
       (11) 

where PD is the crystal length at the indicated percentage. 

Several experimental evaluations of the CV and the mean crystal size from the PP and the 

PVDF membrane modules are reported in Table 7 and Table 8, respectively. Crystals from 

conventional mixed-suspension crystallizer widely used in the industries have the CV value 

of approximate 50%[97], compared to which, the CV values shown in Table 7 and Table 8 are 

less than 50%. Therefore, it can be said that crystals obtained from the MD-MCr process 

have narrow CSDs indicating better qualify of crystals. 
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Table 7. Evolution of crystals at different feed flow rates, (membrane module: commercial PP, 

feed temperature: 55/58/53 °C, permeate temperature: 18 ± 1 °C, permeate feed flow rate: 75 ml 

min
-1

) 

150 [ml min
-1

]   200 [ml min
-1

]   250 [ml min
-1

]   

sample # Lm [µm] 
CV  

[%] 
sample # Lm [µm] 

CV 

[%] 
sample # Lm [µm] 

CV  

[%] 

1 31.8 41.94 1 35.0 39.71 1 30.6 39.29 

2 41.5 31.71 2 36.6 54.84 2 22.6 27.27 

 

Table 8. Evolution of crystals at different feed temperatures, (membrane module: PVDF, 

permeate temperature: 13/13/17 °C, feed flow rate: 150 ml min
-1

, permeate feed flow rate: 32 ml min
-1

) 

36 [°C]     45 [°C]     58 [°C]     

Sample # Lm [µm] CV [%] Sample # Lm [µm] CV [%] Sample # Lm [µm] CV [%] 

1 19.73 32.89 1 25.44 34.78 1 31.33 35.00 

2 18.17 39.71 2 20.75 44.44 2 35.35 33.33 

3 19.34 31.08 3 28.09 44.64 3 30.42 30.00 

 

After crystallization process, crystals were filtered from the produced water and dried using 

thermostatic vacuum oven at the temperature of 45 °C. Although the yield of recovered salts 

was varied in each test due to different operating conditions, up to 16.4g of sodium chloride 

was obtained from 1L of produced water, which validates the technical feasibility of the MD-

MCr process to produce salts from the produced water.  

 

6. Conclusions and Future Perspectives 

The technical feasibility of the MD-MCr process was investigated in this work to treat 

produced water from oilfield. In addition to this, the effects of several parameters on the 

water flux were evaluated. During operations, the vapor flux showed stable pattern despite of 

the flux decline due to increased concentration of the solution, which indicates that the 

membrane modules exhibited stable performances including no membrane wetting in the 

MD-MCr process. As for experimental parameters, it was observed that the feed inlet 
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temperature and the flow rate had a positive effects on the permeate flux, that is, the resultant 

flux increases as these parameters increases. The results also indicate that the porosity of the 

membrane is an influential factor to enhance the flux. At the last stage of the operations, 

dissolved salts (i.e. sodium chloride) in the produced water were recovered through 

crystallization process, confirming that the MD-MCr has a potentiality to produce valuable 

salts as well as fresh water from the produced water. Although the scaling of salts on the 

membrane surface occurred when the solution reached supersaturation adding more effect on 

the flux decline, the membrane wetting stemming from salts deposition on the membrane did 

not take place. Overall, it can be concluded that the MD-MCr process can be a competitive 

technology in the domain of produced water treatment with two main advantages; pure water 

production and the commercially valuable salts recovery.  

The produced water treatment in oil and gas industries for both internal and external uses 

may offer opportunities to MD-MCr technology to become more mature and dominant 

technology in water treatment field, however, more efforts will be required to do this. Further 

researches can be mainly focused on improvements in process, materials, and economic 

competitiveness. 

Process improvements can be achieved by optimizing operating conditions and innovating 

module designs, which enhance the heat and mass transfer efficiency. Concerning operating 

parameters, higher feed temperature and feed velocity ensure higher performances in MD-

MCr, however, this condition may lead to more expensive operating costs. Therefore, 

operating conditions should find optimal point to balance between engineering performances 

and economic point of view. In this regard, to use abundant and renewable energy such as 

geothermal and solar energy has a potential to reduce significantly the energy costs of MD 

and thus, adding the economic incentive for its use. Innovative material design to fabricate 

membranes with high permeability and fouling resistance also should be carried out to 

improve the performances of MD and to reduce energy and operating costs through less pre-

treatments and cleaning requirements. 
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Abbreviations and Symbols 

AGMD air gap membrane distillation  
 

bcm billion cubic meters  
 

BTEX benzene, toluene, ethylbenzene, xylene 
 

CSD crystal size distribution  [%] 

CV coefficient of variation  [%] 

DCMD direct contact membrane distillation  
 

DW distilled water 
 

ED electrodialysis 
 

EDR electrodialysis reversal  
 

EDX energy dispersive x-ray  
 

FO forward osmosis  
 

LEP liquid entry pressure  [Pa] 

LMPD log mean pressure difference  [Pa] 

LMPDr log mean pressure difference at reference point [Pa] 

LMPDt  log mean pressure difference at time t [Pa] 

MD membrane distillation  
 

MD-MCr membrane distillation-crystallization  
 

MED multieffect distillation  
 

MF microfiltration  
 

MSF multistage flash  
 

NF nanofiltration 
 

NORM naturally occurring radioactive materials  
 

PP polypropylene 
 

PTFE polytetrafluoroethylene 
 

PVDF polyvinyledene fluoride  
 

PW produced water 
 

R rejection factor [%] 

RO reverse osmosis  
 

SAR sodium sdsorption ratio  
 

SGMD sweeping gas membrane distillation  
 

TC total carbon [mg L
-1

] 

TDS total dissolved solids [mg L
-1

] 

TIC total inorganic carbon [mg L
-1

] 

TOC total organic carbon [mg L
-1

] 

TS total solids [mg L
-1

] 

TWR total water recovery  [%] 
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UF ultrafiltration 
 

VCD vapor compression distillation  
 

VEDCMD vacuum-enhanced direct contact membrane distillation  
 

VMD vacuum membrane distillation  
 

   

   

<rα >  mean pore size  
 

B geometric factor 
 

J volume flux [L m
-2

 hr
-1

] 

JN  normalized flux at time t [L m
-2

 hr
-1

] 

Jt  actual flux at time t [L m
-2

 hr
-1

] 

Lm mean crystal size  [µm] 

N molar flux [kmol m
-2

 s
-1

] 

P vapor pressure  [Pa] 

Po  vapor pressure of pure water [Pa] 

rmax largest pore radius 
 

x mole fraction  
 

xNaCl molarlity of sodium chloride [mol (kg of H2O)
-1

] 

ΔHsol enthalpy change of solution  [J kg
-1

] 

ΔP  vapor pressure gradient [Pa] 

   

   

Greek symbols   

γ activity coefficient 
 

α constant factor  
 

ε membrane porosity 
 

η membrane tortuosity [%] 

θ liquid-solid contact angle [º] 

δ membrane thickness  [µm] 
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