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1 INTRODUCTION AND SCOPE 
 

Nowadays, the socioeconomic state and environmental crisis have the 
same source of the problem: the fossil fuels. On one side, the dependence 
between the gross domestic product (GDP) and the oil is high due to the lack 
of fuel stock (Hernandez Martinez 2009). On the other side, the global 
warming is generated by the rise of greenhouse gases emissions (GHG). One 
viable solution to both problems could be the use of bio-fuels combined with 
hydrogen-fuel cell technology (HFC). Spain as a high agroforestry activity 
country offers great amount of biomass to be used as primary energy source 
and the hydrogen could be produced from this and other sources like solar 
and wind (Gómez et al. 2011). 

In this work it is presented the production of high purity hydrogen 
through the “steam-iron” process (SIP) (Messerschmitt 1910; Hacker et al. 
2000; Bleeker et al. 2007; Rydén and Arjmand 2012; Nestl et al. 2015; Sanz et 
al. 2015) using by-products of the biomass processing like the biogas and the 
bio-oil. 95% of the hydrogen produced in the US [web 1] comes from natural 
gas steam reforming because of the low price of the feedstock. Since it is a 
fossil fuel, it is preferred to avoid this kind of raw material, although it is a 
short-term solution waiting for a more economically attractive choice. In 
order to attain this goal, the hydrogen price should decrease up to 2-4 $/kg 
and avoid GHG emissions. At this time, the research is focused on renewables 
energies in a mid-log term, as it is written in the portfolio of United States 
Department of Energy (DOE) [web 1] and the European program Horizon 
2020 [web 2]. 

Most of the emissions and the energy consumed are due to the industry 
and the transport (EIA 2013). In the first one, factories are concentrated in 
small areas and the gases are easily treated. But in transport, emissions are 
much more dispersed and the effort needed to diminish each one of them is 
complicated. The hydrogen and the fuel cells could help to diminish this 
effect being that the only product is clean water. It is necessary to promote the 
advancement of this technology by means of building up hydrogen filling 
stations. Moreover, the main sources should be renewables with a 
competitive price and adapted to local needs (Gómez et al. 2011; McDowall 
2012). In the case of a city that generates a great amount of waste, the price 
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would only depend on the process of the biomass conversion. In addition, 
there is a second advantage of dumping site reduction. 

Some of the biomass processes are gasification, combustion, torrefaction, 
pyrolysis or fermentative digestion (Bridgwater 2012). In the gasification a 
carbonaceous residue, liquid oils and mainly syngas are obtained for a 
subsequent use in the Fischer-Tropsch process (Tijmensen 2002; van Steen 
and Claeys 2008). The direct combustion generates heat but inefficiently due 
to the humidity of the biomass. In the torrefaction, an upgrading of the 
properties of the solid is made and the raw material is converted into pellets 
of higher heat capacity. It is similar to the traditional process of conversion of 
wood into charcoal. The pyrolysis consists of a high temperature process in 
inert atmosphere. Depending on the residence time and working 
temperature, it is possible to obtain an oil of high heat capacity as main 
product . This liquid is commonly referred to as bio-oil and is a complex mix 
of oxygenated hydrocarbons. The fermentative digestion of biomass produces 
compost and biogas (Berndes et al. 2003). This gas is a mix of methane and 
carbon dioxide with minor amounts of hydrogen, nitrogen, ammonia and 
hydrogen sulphide (Vane 2005).  

In this work, the analysis of the behaviour of the SIP process for every 
compound of the bio-oil is presented and therefore the experiments are 
carried out from reactants of known composition. The synthetic biogas would 
be a mix of CH4 and CO2 with no other minority compounds. Especially 
hydrogen sulphide could be the most problematic because it causes 
deactivation of the catalysts in the decomposition reaction (Ashrafi et al. 
2008). The bio-oil is a mix of a great number of species and some of the 
majoritarian compounds are selected as model of every fraction.  
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Figure 1.1 –SIP process scheme. 

The SIP process is divided into two stages. Firstly, the reduction of the iron 
oxide into metallic iron by a gas stream, for example hydrogen, carbon 
monoxide or hydrocarbon able to reduce it. After obtaining metallic iron, the 
second stage is the oxidation, in which steam is fed into the reactor and 
hydrogen is produced. Moreover, the iron oxide is regenerated and the cycle 
begins from a slightly slower oxidation state of the iron. The unreacted water 
is easily condensed away from the pure hydrogen. Another concept related to 
the solid is that it works as an oxygen carrier between the water and the fuel. 
This technology is an intensification of the process of production and 
purification because both are carried out in the same vessel. The group of 
Catalysis, Molecular Separation and Reactors Engineering Group (CREG) has 
a wide knowledge in the processes of separation of methane/hydrogen 
streams coming from methane pyrolysis (Carazo 2008; Lorente 2008; Lorente 
et al. 2008, 2009; Herguido et al. 2014). This includes the study of reduction of 
iron oxides doped with low amounts of various metals. These works 
comprise the behaviour in different scales of reactor such as thermobalance, 
packed bed and Interconnected Circulating Fluidized Bed Reactor (ICFBR). 
Due to the optimization in nature and amount of the dopants, the redox solid 
has good properties: no loss of reactivity and resistance to thermal stress or 
sinterization. The solid composition is kept the same although the operating 
conditions in this work are more aggressive than the previously studied in the 
purification of methane and hydrogen streams. 

Preliminary experiments with the doped iron oxide showed that it is not 
possible to reduce the solid by a sweetened biogas, so the scopes slightly 
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varied to use a mixture of solids instead of only iron oxide. The first scope 
was finding a mixture of catalyst and oxygen carrier able to be reduced by the 
biogas stream. In the papers I and II that comprise this thesis the experiments 
were focused on the catalyst and its elemental composition for the purpose of 
decomposing methane into hydrogen and carbon monoxide. Once the catalyst 
is able to do it, the iron oxide reduction is ensured. The ratio between 
methane and carbon monoxide was varied in the range described by 
bibliography and there is no hydrogen sulphide. The synthesis method of the 
catalyst and oxygen carrier was also tested and it was verified the suitability 
of a common synthesis or a mechanical mixture of the two solids. Apart from 
the exposed, the characterization of the carbonaceous residue is included.  

There are two main hypotheses involving the use of hydrocarbons: the 
biofuel is fully decomposed in a mixture of gases according to reaction r 1.1 
and the methane is the most stable specie in the operating conditions of this 
work. Consequently, the optimization of the catalyst using biogas (papers I 
and II) is extrapolated to any hydrocarbon, liquid or gas, used in this work. 

( )2 2 2 4 sB io fu e l H H O C O C O C H C  (r 1.1) 

In the case of biogas, after obtaining the optimal mixture of oxygen carrier 
and catalyst, the scale up was increased and the behaviour of the reaction in 
packed bed was studied. The amount of sample increased from some 
milligrams to several grams. On this way, the solid reaction rate increases 
from a low conversion in the TGA to the highest possible conversion in the 
fixed bed. In the paper III, are shown the results at different temperatures 
and different composition. The scopes were to demonstrate the feasibility and 
to obtain the optimal operating conditions for the SIP process using biogas as 
feeding material. Three stages appeared in the reduction.  In the case of other 
liquid compounds as reactants the behaviour was identical. This is due to the 
fact that the process is controlled by iron oxide reactions. Firstly, it starts from 
Fe2O3 and pass through Fe3O4 to finish in metallic iron. There exists a certain 
probability of FeO formation, but in all the experiments carried out there were 
no evidence of that. Every reaction is strongly governed by thermodynamic 
equilibriums and the composition is determined by these.  

The liquid bio-fuel, bio-oil, is composed of a great number of oxygenated 
hydrocarbons. As model compounds that simulates the properties of a real 
bio-oil, it has been used methanol, ethanol, acetic acid, acetone and 
hydroxyacetone (or acetol). These are selected as representatives species of 
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the different fractions: alcoholic, acid and ketonic, the most abundant in a 
standard bio-oil (Oasmaa and Meier 2005; Bertero et al. 2012). Furthermore, in 
order to approximate the real behaviour of a real bio-oil, a mixture of three of 
them was prepared adding also water in some cases. The study was divided 
in three sections: iron oxide reaction without catalyst, complete mixture 
reduction by model compounds and complete mixture reduction by 
simulated bio-oils. 

In order to reduce the iron oxide in absence of catalyst, it has been used 
methanol and ethanol. These are able to fully decompose without nickel 
catalyst. In these cases, the oxygen carrier is working as an active catalyst. The 
scopes of the papers IV and V were to analyse the behaviour of the reduction 
in absence of catalyst and identify the differences with other compounds. 
Some differences were found in the ability of the carbonaceous residue to 
appear as carbon fibres or amorphous coke. 

The full mixture of oxygen carrier plus catalyst has been experimented 
with acetic acid, acetone and hydroxyacetone as reactants. Congress 
communication I, presents the results of the experiments with acetic acid. 
Among them there is some similarity in the functional groups and differences 
in the composition. Every one of them could be vaporized for feeding it at the 
reactor. In this study it is pretended to check out the existence of a common 
behaviour pattern in the equilibrium with any substance or any difference 
that depends on any characteristic of the model compound used. 

Once the behaviour with every compound was known, it was necessary to 
study a mixture of some of them to observe if there is any crossed 
dependence between the reactants. Moreover, this is closer to the use of a 
pyrolytic oil. Mixtures of reactants have been synthesized in the range found 
in bibliography and the number of experiments optimised by means of a 
simple design of experiments (DOE). The selected species were methanol, 
acetic acid and hydroxyacetone as representatives of the alcoholic, acid and 
ketonic fractions. Moreover, the effect of water was studied because it is a 
major compound (the range is between 15% and 30% (Czernik and 
Bridgwater 2004; Oasmaa and Meier 2005)) and it could have a negative effect 
in the reduction of the iron oxide. The results of the experiments with the 
synthetic mixtures are shown in the congress communication II. 

The work of this thesis is focused on the reduction stage because it is the 
limiting and characteristic step of the process. The oxidation has been 
extensively studied in previous works (Lorente et al. 2008).  
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After all the experiments carried out, the phenomena that govern the 
process were known and it made possible modelling the reactor. The kinetic 
model assumed was a shrinking core model (SCM) (Levenspiel 1999). The 
composition of the product stream coming from the methane dry reforming 
or liquid decomposition is different and it was necessary a high number of 
experiments to identify and quantify the reaction mechanisms. This problem 
was solved by the integral fitting of the data from the packed bed reactor. 
This is explained in the papers VI. Part of the algorithm written in Matlab® 
code was improved in a stay in the “Technische Universiteit” of Eindhoven 
(TUe). Moreover the validation of the code with external work was done with 
the data presented in the work of P. Hamers (Hamers et al. 2014). In the 
congress communication III is presented the improved code, the model 
validation and its use for the optimization of some variables of the process. 

 

 

1.1 SCOPE 
 

- Study of the catalyst in the mix of solids for the reduction stage of the 
SIP process with biofuels (biogas and vaporised bio-oil). 

- Study of the behaviour of the optimal solid in the reduction with 
biogas in a packed bed. 

- Study of the oxygen carrier behaviour in absence of catalyst for the 
reduction by alcohols. 

- Study of the behaviour of the optimal mix of solids in the reduction 
with vapours of model compounds 

- Modelling of the reactor in the reduction and oxidation and its 
dependency respecting to operating variables. 
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2 EXPERIMENTAL 
 

The work of this thesis was carried out with two solids with different 
function in the process. One is the oxygen carrier based on iron oxide due to 
the SIP process. The other is the catalyst that favours the decomposition and 
reforming of the reactants. In this section are explained the properties and 
synthesis of each species. Moreover, the experimental setups are also detailed.  

 

2.1 OXYGEN CARRIER: DOPED IRON OXIDE 
 

The solid that promotes the oxygen flow between the steam and the fuel is 
the doped iron oxide. This is haematite, Fe2O3, with small amounts of dopants 
introduced in the synthesis. The optimised solid comes from previous works 
carried out in the CREG group related to the study of hydrogen storage 
(Lorente 2008) and separation of mixtures H2/CH4 (Carazo 2008; Durán 2016). 
It has been tested solids doped with chromium, cerium, aluminium, copper, 
nickel (Lorente 2008; Lorente et al. 2009), cobalt (Plou 2011) and molybdenum 
(Romero et al. 2012). The best results in the operating conditions of the 
separation of mixtures were obtained with aluminium and cerium (Escuer 
2008). 

The main source of reactivity loss along the cycles is specially the 
sinterization of the solid. This is produced over the surface above the Hüttig 
temperature (0.3·Tmelting (K)) and more aggressively at the Tamman 
temperature (0.5·Tmelting (K)) (Moulijn et al. 2001), correspondent to half the 
melting temperature measured in Kelvin. In the case of iron oxide, the 
Tamman temperature is equal to 640 °C. In order to diminish this effect, the 
most suitable solution is to add refractory elements to the structure of the 
solid. The alumina has a Tamman temperature around 900 °C, so is able to 
keep the micro-structure of the metallic crystal. Other advantages are the low 
cost and its structural properties. As disadvantages, the oxygen mobility is 
reduced and consequently, the reaction rate decreases. To enhance the kinetic 
properties, cerium is added because is a refractory element and it has been 
proved the benefits in the reactions in which oxygen is involved (Otsuka et al. 
2003a, 2003b; Takenaka et al. 2004).  
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In the figure 2.1, a comparison between the fresh iron oxide and the doped 
iron oxide is represented. It can be observed that the optimised solid has no 
loss of reactivity along 7 cycles and the total conversion is reached in very 
short times. In the case of haematite, the solid loses its reactivity up to 25% of 
the initial conversion (Escuer 2008). 
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Figure 2.1 – 7 cycles of reduction with H2 and oxidation with steam for the 
pure haematite and the doped iron oxide (Adapted from (Escuer 2008)). The 
lowest percentage corresponds to the maximum stoichiometric loss of mass.  

The synthesis method is called gel-citrates and it has been found as the 
most repetitive and most suitable to obtain a homogeneous composition over 
the particle (Kirchnerova et al. 2002; Alifanti et al. 2003). In the first step, the 
citrate complex is prepared. Therefore, a 1M solution of the metal nitrates is 
made with iron (Fe(NO3)3·9H2O), aluminium (Al(NO3)3·9H2O) and cerium 
(Ce(NO3)2·6H2O) nitrates in the right proportions to obtain a final solid 98% 
Fe2O3, 1.75% Al2O3 and 0.25% CeO2. Another solution with 1.1M citric acid is 
made and finally mixed in a vessel at 75 °C with continuous stirring. After 
part of the water is evaporated, the gel is formed. This liquid is disposed in 
flat crucibles and let in the oven at 60 °C overnight. Then it is calcined in a 
two ramp program: 3 °C/min up to 350 °C during 2 hours and then 3 °C/min 
up to 800 °C during 8 hours. 
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2.2 CATALYST: NICKEL ALUMINATE 
 

Due to the oxygen carrier has no enough catalytic activity to decompose 
some of the reactants tested, it is mandatory to use a catalyst that favour the 
decomposition of hydrocarbons and reforming of the biogas. Because the 
biogas is the most stable species, it is used for the catalyst tests.  

Previous to the nickel aluminate, bulk nickel oxide was synthesised by the 
same method as the oxygen carrier, gel-citrates. In the paper I, a preliminary 
work was carried out and the bulk NiO is not suitable for the process because 
the catalyst sinters with the iron oxide decreasing the reactivity of the 
mixture. At the same time, packed bed tests with this catalyst were done and 
it was found unfavourable results (Berenguer 2011). 

In order to solve the sinterization problem, the research was focused on 
finding a catalyst that takes into account the reactions involved. In 
thermogravimetry analysis, the experiments were done with mixtures of 
methane and carbon dioxide, so the catalyst selected should be related to the 
dry reforming and by extension, to the steam reforming too. This is because 
the controlling step is the same: gradual dehydrogenation of the methane 
adsorbed (Verykios 2003; Fan et al. 2009). The most used catalyst is the nickel 
supported on alumina, but usually the deactivation is caused by solid reaction 
between γ-alumina and nickel forming nickel aluminate (Gayán et al. 2008). 
In order to avoid this problem, nickel over nickel aluminate is synthesized by 
co-precipitation according to the work of Al-Ubaid (Al-Ubaid and Wolf 1988). 
In the paper II, the active phase in the catalyst and the composition of the 
mixture oxygen carrier plus catalyst are optimised. One of the advantages of 
the catalyst in this process is that the previous activation is not necessary; it is 
carried out during the reaction in the very first moments. 

The synthesis method is the co-precipitation at increasing pH (Al-Ubaid 
and Wolf 1988). The initial solution is a mixture of nickel nitrate and 
aluminium nitrate 1M and it is heated up to 45 °C in a heated bath. Then, a 
aqueous solution of ammonia (1:10 ammonia:water) is added dropwise under 
continuous stirring till a pH of 7.9 is reached. The precipitate has a turquoise 
colour and corresponds to nickel and aluminium hydroxide. This is washed 
three times with water, dried at 100 °C overnight and finally calcined at 900 
°C during 3 hours with a previous ramp of 5 °C/min. 
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In the figure 2.2, it is represented the diffractogram of the solids that 
comprise the full mixture: doped iron oxide and nickel aluminate. In the 
spectrum of the iron oxide, the peaks are narrow so the crystallinity of the 
metal is high. In the bottom, the spectrum of the catalyst shows the nickel 
oxide from the excess in the synthesis. 
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Figure 2.2 –XRD diffractogram of the doped iron oxide and the catalyst. 

 

2.3 REACTANTS FED 
 

In the case of feeding gases as reactants, it has been fed only methane and 
CO2. For the calibration of the chromatograph, it has been used mixtures in 
concentrations controlled by the mass flows. The purity of the gases is of 
99.5% as minimum. 

The composition of the bio-oil depends on the raw material and the 
pyrolytic process carried out. Usually, the operating temperatures are in the 
range between 450 °C and 550 °C with short spatial times, around some 
seconds (Czernik and Bridgwater 2004; Mohan et al. 2006; Wang et al. 2013). 
Despite this fact, the composition and characteristics varies in a short interval 
(table 2.1).  
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Table 2.1 – Characteristics and properties of the bio-oil. (Adapted from 
(Czernik and Bridgwater 2004; Oasmaa and Meier 2005; Ingram et al. 2007)). 

Properties (wet base) Range 
Water (% weight) 14 – 30 

pH (-) 2.3 – 3.2 
Realtive density (-) 1.19 – 1.22 

High heat value (MJ/kg) 16.0 – 23.1 
C (% weight) 45.5 – 62.6 
H (%weight) 4.5 – 7.5 
O (%weight) 29 – 48 
N (%weight) 0 – 0.2 

Ash (%weight) 0 – 0.2 
  

Ketones (%weight) 17.6% 
Acids (%weight) 9.8% 

Alcohols (%weight) 4.3% 
Sugars (%weight) 4.0% 

Phenols (%weight) 2.3% 
 

The model compounds used are majority components and representatives 
of different fractions of the bio-oil. They are based on the bibliography 
(Oasmaa and Meier 2005; Rioche et al. 2005; Bimbela 2009; Graça et al. 2009; 
Wu and Liu 2010; Xie et al. 2011; Bertero et al. 2012; Trane et al. 2012; Zhang et 
al. 2013; Leng et al. 2013; Remón et al. 2015). The most utilized are the acetic 
acid, hydroxyacetone, methanol, phenol, ethanol, acetone and some sugars, 
ordered by importance. In this work the sugars and the phenol was not tested 
because they are not able to be evaporated, essential condition in the 
experimental setups. 

The experimentation with a pyrolytic oil in the available setups has the 
difficulty that when this is heated up, the components in the oil reacts 
between them producing a carbonaceous residue similar to the asphalt 
(Czernik and Bridgwater 2004; Bimbela 2009; Westerhof et al. 2011). This is 
solved in bigger reactors by feeding it directly inside the reactor with a spray 
(Bleeker et al. 2007). 

Besides the use of model compounds individually, it has been studied 
simple mixtures similar in composition to a real bio-oil. A simple design of 
experiments was done in order to minimize the number of experiments and 
mixtures, obtaining a total of 4 mixtures (table 2.2). The composition is 
simplified into three fractions: acid, aldehidic and alcoholic. They are 
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represented by acetic acid, hydroxyacetone and methanol. In addition, water 
is added in an average mixture (M#4) with the purpose of analyse its effect. 
This is important because its concentration in a real bio-oil is high and the 
process changes from the decomposition of hydrocarbon to a steam 
reforming. Despite this, the catalyst selected is effective for both processes. 

 

Table 2.2 – Summary of the mixtures selected.  

Fraction Acid Aldehidic Alcoholic Total  
Conc. (%p) 15.1 13.4 5.4 33.9  

Majority Acetic 
acid Hydroxycetone Methanol Water  

Range 30-60 20-50 10-20 0-30 Formula 
M#1 60 20 20 0 C2.15H4.52O1.89 
M#2 50 40 10 0 C2.42H4.94O1.95 
M#3 30 50 20 0 C2.50H5.21O1.90 
M#4 47.5 37.5 15 0 C2.38H4.91O1.92 
M#4+15 40.4 31.9 12,7 15 C1.30H3.66O1.47 
M#4+30 33.3 26.3 10,4 30 C0.87H3.10O1.31 

 

2.4 EXPERIMENTAL SETUPS 
 

There are two types of experiments: thermogravimetry analysis in reactive 
atmosphere and packed bed reactions. 

For the study and obtaining of the optimal mixture (oxygen carrier plus 
catalyst), the instrument used was a thermobalance (Neztsch® STA Jupiter 
449 J3 Jupiter). The amount of sample is 20 mg and is assured that exists only 
kinetic control and not diffusional. Mainly, the reactants are methane and 
carbon dioxide for the reduction, and steam for the oxidation. The steam is 
fed by an evaporator coupled to the system supplied by Neztsch®. In some 
cases, the exhaust gases are analysed by a micro-GC (Agilent 490) in order to 
determine the gas conversion degree and a mass spectrometer (Pfeiffer, 
Omnistar Prisma model) to follow the temporal evolution of the gases with a 
high sampling frequency. 

For the experiments in packed bed, the setup scheme is almost identical 
for the three setups used. There are three zones: the feeding zone, the reactor 
zone and the analysis zone. The feeding zone is composed of the cylinders 
and the mass flow controllers (Alicat or Brooks) for the gases and HPLC 
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pump (Water 515 or Shimadzu LC20AT) and evaporator (Topre®) for the 
liquids. The reaction zone is defined by the reactor and the oven. The reactor 
dimensions are kept in all the experiments. The ovens are common oven with 
electrical resistances (made by Tellsa) or one of them is configured to be used 
at very high temperatures (Nabertherm). The analysis systems are three: 
chromatograph CE instruments GC 8000, Chromatogrpah Agilent 7890A, 
micro-chromatogrpah Agilent 490 and mass spectrometer Omnistar Prima 
from Pffeiffer. In the case of the micro-GC, it is necessary to condense the 
steam of the stream in a Peltier module. In the figure 2.3 the general setup is 
presented. 

 

Figure 2.3 – Diagram of the lab setups. 

 

2.4.1 EXPERIMENTAL CONDITIONS  
 

The operating temperatures fluctuate between 600 °C and 850 °C. The 
range is suitable for the decomposition of the reactants and the reduction 
stage take place. These are determined by the thermogravimetry analysis. The 
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oxidation temperature is fixed in 500 °C due to the carbon is not gasified at 
this temperature (ΔG=0 above 675 °C) and favouring that the carbon 
monoxide is not produced (Herguido et al. 2014). 

The gaseous reactants are exclusively methane and carbon dioxide. The 
concentration of the mixture is 25% of the total and the rest is inert gas (He, 
Ar or N2). The concentration of the liquid reactants at the inlet stream is 10%, 
except the steam, that is 25%. With these concentrations are assured a stable 
feeding of the liquids. 

The solid sample is composed by 67.5% of doped iron oxide, 7.5% of 
catalyst and 25% of chemically inert sand. Total weight is 2.5 grams. In the 
experiments with alcohols, the absolute amount of doped iron oxide was 
constant.  

 

2.5 THERMODYNAMIC OF THE PROCESS 
 

The reduction of the solid pass through three oxidation degrees: Fe2O3, 
Fe3O4 and Fe (r 2.1 and r 2.2). But in the oxidation, the iron is only able to pass 
to Fe3O4 (inverse r 2.2). 

2 3 2 3 4 2 23 / 2 /F e O H C O F e O H O C O  (r 2.1) 

3 4 2 2 24 / 3 4 /F e O H C O F e H O C O  (r 2.2) 

The reactions that take place inside the reactor are very fast due to the 
operating conditions and the catalysts used. Therefore, the reaction extent is 
only restricted by the thermodynamic of the process. The most important 
reaction is the pass of magnetite (Fe3O4) to iron and vice versa because 
happen in the reduction and in the oxidation. Moreover, the reaction with 
carbon monoxide occurs at the same time.  

The chemical thermodynamic dictates that if a reaction is in equilibrium, 
another reaction that contains one of its reactants or products is also in 
equilibrium between them. Extensively, a mixture of components in a phase 
should be in equilibrium and thus the Gibbs energy of the system is minimal. 

Apart from the solid-gas reactions, the decomposition of the reactants into 
gases is carried out too. The products generated are H2, H2O, CO, CO2, CH4 y 
coke. These species are in equilibrium with the system and because the 
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reactions involved are numerous (dry reforming (r 2.3, methane 
decomposition (r 2.4), steam reforming (r 2.5), CO disproportionation (r 2.6) 
and water gas-shift (r 2.7)), it is necessary to calculate the final compositions 
by minimization of Gibbs energy. For that purpose, it has been used software 
(HSC®) and own code in Matlab®. 

4 2 22 2C H C O H C O  (r 2.3) 

4 22 ( )C H H C s  (r 2.4) 

4 2 23C H H O H C O  (r 2.5) 

22 C O C O C  (r 2.6) 

2 22H O HC C OO  (r 2.7) 

The most restrictive reaction respect to the catalytic decomposition is that 
from the biogas. The dry reforming is spontaneous above 643 °C, so there is a 
minimum of operating temperature. 

 

2.5.1 BAUR-GLAESSNER DIAGRAM 
 

In each reduction experiment, the composition of the 5 gases involved is 
obtained and their temporal evolution. Comparing the curves at different 
temperatures is complicated because of the high number of curves. The Baur-
Glaessner (BG) diagram is able to reduce the number of curves to only one: 
hydrogen ratio or carbon monoxide ratio (Baur and Glaessner 1903). They are 
calculated as [H2]/([H2]+[H2O]) or [CO]/([CO]+[CO2]), respectively. In the 
figure 2.4, the theoretical lines of the different oxidation degrees are 
represented. Every zone corresponds to the stability conditions for every 
solid. For example, at high hydrogen ratios, the stable specie would be 
metallic iron. The wüstite (FeO) is only stable in specific concentrations and 
the temperature should be above 570 °C (Darken and Gurry 1945, 1946). The 
hydrogen ratio decreases and the CO ratio increases along the temperature. 
Because in the oxidation the hydrogen ratio is equal to the water conversion, 
the working temperature is low in order to achieve high conversion. 

Moreover, in the figure 2.4, the dotted curve corresponds to the 
equilibrium of the gases in the methane dry reforming with the initial 
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composition equal to the thermogravimetry analysis. The gas-gas equilibrium 
curves changes according to the elemental composition of the hydrocarbon, 
the inert gas and the dilution gas.  

In the section 3, it is explained how the transformation of the iron oxide 
into a different oxidation state is related to an specific composition of the 
exhaust gases and this is represented into the BG diagram. 
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Figure 2.4 - Baur-Glaessner diagram. Top: hydrogen ratio. Bottom:carbon 
monoxide ratio 
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3 EXPERIMENTAL RESULTS 
 

This chapter is divided into two parts: firstly the results obtained in 
thermogravimetry are explained and the best catalyst is selected as more 
suitable for the process. Then, the solid behaviour was observed when the 
gases or vapours pass through the mix of solid in the fixed bed reactor °. 

 

3.1 THERMOGRAVIMETRY 
 

At the beginning of the study, the samples tested were mixtures of doped 
iron oxide and nickel bulk as catalyst. The iron oxide has low amounts of 
ceria and alumina. This solid has been optimised according to the process of 
separation of hydrogen and methane at temperature around 500 °C (Escuer 
2008). At this operating condition the methane acts as inert and does not react 
with the iron oxide. Therefore, in the SIP process, the hydrogen reacted in the 
reduction might appear in the oxidation step as product, free of methane. The 
work of E. Lorente (Lorente 2008) and P. Durán (Durán 2016) demonstrate the 
experimental validity in thermogravimetry and in packed bed.  

The optimal amounts of dopants were determined in the work of M. 
Escuer (Escuer 2008) and the composition is 98%Fe2O3, 1.75%Al2O3 and 
0.25%CeO2. The goodness of the solid is presented in the figure 2.1 
(experimental chapter). The reactivity does not decrease along the cycles of 
reduction with hydrogen and oxidation with steam at 450 °C. In the work of 
P. Durán (Durán 2016), the behaviour of the solid in packed bed is studied. In 
the reductions, there is a low solid conversion due to the equilibrium at 550 
°C around 20%, but in the oxidation, the reaction is reversed and the 
conversion increases up to 80%. Moreover, over the cycles, it appears a loss of 
reactivity and consequently it is necessary longer reaction time to achieve full 
conversion. The main difference between thermogravimetry and packed bed 
experiments is the low extension of the conversion in the TG respect to the 
fixed bed.  

Respect to the catalyst used in first place, bulk nickel oxide, the synthesis 
method is the same as the iron oxide, citrates-gel. So the common 
characteristic is that both act as oxygen carriers. Bulk catalyst is selected 
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because of the characteristics of carbon formation in big particles. In the work 
of t. Chen (Chen et al. 2005), the relation of carbon formation and nickel 
particles size is presented and high particle diameter could reduce the carbon 
produced. As the size is related to the diameter of the carbon nanofibers 
(CNF), there is a limit in which there is no production of them. Initially, this 
characteristic is supposed to favour the process and decrease the activity loss 
of the catalyst. 

Nickel oxide has been reviewed as a good oxygen carrier in “Chemical 
Looping Combustion” technology in which the oxidation is made by air 
(Jerndal et al. 2006; Adanez et al. 2012). Thermodynamically, it is not possible 
to oxidize it with steam, so nickel oxide is constant among the cycles. In the 
same way iron oxide suffers sinterization, also nickel oxide lose part of its 
specific surface. In cases that it is used as catalyst over γ-alumina, it could 
produce nickel aluminate and lose active phase (Gayán et al. 2008). 

The possibility of test a solid with iron and nickel synthesized together 
was also carried out creating nickel ferrite, NiFe2O4 (Plou 2011). The 
experiments demonstrated that the working temperature needs to be higher 
to achieve the same conversion as using it as a mechanical mixture. Probably, 
this is causing a lower mobility of the oxygen lattice and the absence of 
catalytic active phase for the reduction. In the work of M. A. Pans (Pans et al. 
2013) is presented the same conclusion and they were forced to use the solids 
(oxygen carrier and catalyst) separately. 

 

3.1.1 THERMOGRAVIMETRY W ITH NICKEL OXIDE 
 

The first series of experiments were carried out in ramp of temperature 
(β=5 °C/min) from ambient temperature up to 1000 °C with 12% (vol.) 
methane and 12% (vol.) carbon dioxide. In the figure 3.1 is shown the results 
of the behaviour of the iron oxide, nickel oxide, mechanical mix of both and 
chemical mixture. As mentioned, Fe2O3 is able to be reduced by methane at 
550 °C, but Fe3O4 is not reduced by methane at the same temperature. Above 
850 °C it is reduced up to wüstite (Fe0.89O). The oxidation state is non-
stoichiometric and varies from Fe0.84O to Fe0.95O (Redl et al. 2004). This 
reaction happens because the methane is cracked thermally and part of the 
hydrogen produced is the responsible of the reduction of the iron oxide. 
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Figure 3.1 – Reduction in ramp of temperature of the solids, mechanical 
mixture and chemical mixture. 

In the case of nickel oxide, the reaction begins at 560 °C and it loses mass 
till all the nickel phase appears and acts as catalyst. The methane starts to 
decompose and produce carbonaceous residue around the nickel particle 
increasing the weight. Finally, the surface is totally covered and the 
gasification begins, losing again weight till the temperature of 800 °C is 
reached. From this behaviour a conclusion comes out, the minimum working 
temperature is 700 °C in order to avoid high carbon deposition. 

If both solids are in contact, the effect is not additive but competitive 
between them. Due to the reaction with the iron oxide begins before nickel 
oxide reaction, the temperature in which the methane is decomposed 
increases. After nickel oxide reduction, active phase appears and methane dry 
reforming starts and produces mainly hydrogen and carbon monoxide. These 
are able to reduce the Fe3O4 and just after nickel oxide is reduced the weight 
loss continues (there is a change in loss rate at -2mg). Before full conversion, 
there is a “shoulder” due to carbon deposition produced by the metallic 
nickel. This production-gasification behaviour lasts less time in the case of 
only nickel, so mixing both solids favours the fast disappearing of the carbon. 
Above 900 °C the weight increases because of the thermal decomposition of 
methane.  

The chemically mixed solid needs higher temperature for its reduction 
than mechanical mix. Hence this solid is not selected and the mechanical mix 
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was studied at different temperatures in isothermal experiments. The 
temperature range was from 600 °C to 900 °C. 
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Figure 3.2 – Isothermal reduction of the mechanical mix of 50% NiO and 50% 
doped Fe2O3. 

The figure 3.2 shows the results obtained of the mechanical mix of bulk 
nickel and iron oxide in isothermal conditions in TGA. In the transformation 
of Fe2O3 into Fe3O4, the duration decreases along the temperature. The next 
step is the nickel oxide reduction and reaction rate is similar in all of them. 
When the reaction rate is constant along the temperature, the reaction is 
controlled by the mass transfer in the particle. Then, the Fe3O4 is reduced to 
metallic iron but beside 650 °C there is no reaction. The point in which both 
gas-gas and solid-gas equilibriums cross is around 590 °C (figure 2.4), so the 
minimum working temperature is also observed experimentally. Just after the 
iron reduction, there is carbon deposition over the particle (increasing weight) 
and after some time it is gasified (loosing weight). This behaviour is repeated 
in all the cases and the amount of carbon deposited decreases at higher 
temperatures. This phenomenon is explained by a carbon deposition from the 
methane decomposition that saturates the surface of the particle and then the 
carbon dioxide is able to gasify it. The reason behind this peak is because the 
reaction rate of the methane decomposition changes along the time. The 
activity of the catalyst varies depending on the coke deposited over the 
surface of the particle. The reaction pathway is explained in bibliography 
(Verykios 2003; Fan et al. 2009). 
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4 22C H C H  (r 3.1) 

2 2C O C C O  (r 3.2) 

This reaction mechanism is the same as the steam reforming (Wang 1999; 
Verykios 2003) (mr 3.1). First, the methane is adsorbed on the catalyst 
particles and the progressive dehydrogenation proceeds till producing 
carbon. Then, the carbon dioxide (or steam) is adsorbed in active centres near 
to the catalyst to generate carbon monoxide. The limiting step is the methane 
decomposition. The removal of carbon from the surface is also made by the 
solid reaction with the lattice oxygen apart from the gasification with carbon 
dioxide. 

4 4

1

2

2 2 2

x x

C H N i C H N i

C H N i N i C H N i H N i

C H N i H N i C N i N i H

C N i C O N i N i C O

 (mr 3.1) 

After reduction it is necessary oxidise the sample with steam to finish the 
cycle. The working temperature is fixed in 500 °C. At this condition, the water 
reacts with the iron letting unaltered the carbon deposited. The exhaust gases 
at the outlet stream of the TGA instrument were analysed by micro-GC and 
mass spectrometry and there is no evidence of carbon monoxide (detection 
limit equal to 20ppm). To summarize, using nickel oxide bulk and doped iron 
oxide is possible to produce hydrogen of high purity. The next step is 
convenient to verify the effect of the scaling up and the cycles in a packed 
reactor. 

In the work of J. Berenguer (Berenguer 2011), the experiments in packed 
bed were carried out and above 700 °C the methane conversion was full in the 
first minutes and then decreased producing carbon over the particle that 
impede the reaction. Furthermore, the cleaning of the reactor showed that the 
solid increases de particle diameter because of the sinterization and 
consequently the reaction rate decreases drastically.  
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3.1.2 THERMOGRAVIMETRY W ITH NICKEL ALUMINATE 
 

It is found that the doped iron oxide worked properly but the catalyst was 
not suitable. Using same philosophy as the oxygen carrier, it is necessary to 
use species that increase the resistance to thermal stress. Alumina is one of the 
best choices and in the work of Al-Ubaid (Al-Ubaid and Wolf 1988) is 
presented the goodness of the nickel aluminate in the process of methane 
steam reforming. The synthesis used is the traditional coprecipitation and the 
amount of nickel is more than the stoichiometric ratio to assure the 
appearance of nickel as active phase. Unless nickel is in excess, it is not 
catalytically active because the nickel remains embedded in the aluminate. 
The synthesis gives us a catalyst with high dispersion and high specific 
surface area. Due to the high amount of alumina, it is very stable at high 
temperatures and it was already tested in some works as appropriate for the 
decomposition of bio-oil and reforming of biogas (Galdámez et al. 2005; Vagia 
and Lemonidou 2008; Bimbela 2009).  

Once is selected a suitable catalyst, it was necessary to find the optimal 
operating conditions according to the amounts and proportions of oxygen 
carrier and catalyst. The aim is maximizing the hydrogen production with 
maximum methane conversion. 

Firstly, the catalyst composition is optimised keeping the total amount in 
the mechanical mix with the value of 15%. This percentage was obtained from 
previous works with the bulk catalyst (Campos 2011). The excess nickel 
amounts tested are from 0% (stoichiometric ratio) to 40%. The TGA 
experiments were done in ramp of temperature from ambient to 900 °C at a 
rate of 5 °C/min. The gas composition is 12% CH4, 12% CO2 and the rest inert. 

In the figure 3.3 the behaviour of the 4 catalyst tested are shown. The 
measure is indirect because the main variable studied is the weight loss of the 
iron oxide. The stoichiometric nickel aluminate (C0) has no activity in the 
methane dry reforming so it works as a mere support with no active phase. 
To confirm this hypothesis, it can be seen that the curve is identical to that in 
the figure 3.1 with only iron oxide. The curves identified as C10 and C20 are 
similar and in both there is catalytic activity. Around 510 °C starts the 
reduction from Fe2O3 and possibly nickel oxide too. Because of the amount of 
NiO in the sample is too low (1.5% w.), it is not possible to confirm it. Then, at 
600 °C the Fe3O4 is reduced till 700 °C is reached with no carbon deposition. 
In the case of C40, the sample loses weight at 510 °C but in the second 
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reduction up to iron, it stops because of the carbon production. As there is 
more active phase, the carbon nanofibers or amorphous coke is proportional 
to this amount. Then the carbon is eliminated at 750 °C. Finally, the catalyst 
selected is C10. From now on, when the term catalyst is used, it is referred as 
the proportion 10%NiO/NiAl2O4. 
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Figure 3.3 – Reduction in ramp of temperature of mixture of nickel aluminate 
and doped iron oxide changing the nickel oxide load.  

The next step was the optimization of the ratio oxygen carrier vs catalyst. 
The range was between 10% and 50% of catalyst and the results are presented 
in the figure 3.4. As reference, the solid without catalyst is shown. In the curve 
associated to the highest amount of catalyst, the carbon formation is too high 
and then is gasified at 750 °C, quite similar as the C40 of the previous figure. 
The curve labelled as 70o/30c is similar but the carbon generation is lower. 
The decreasing in the weight loss agrees with the last curve and begins at 750 
°C. In the cases in which the amount of catalyst is the lowest, the reduction 
duration is similar with some temperature displacement. The cause is that the 
hydrogen generated is not high enough for the reduction of iron oxide. 
Consequently, the 85o/15c mixture is selected as optimal for the production 
of hydrogen and carbon monoxide for the reduction of the doped iron oxide. 
From now, in the cases in which there is the mixture of catalyst and oxygen 
carrier, the term solid is referred as this mixture, 85o/15c. 
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Figure 3.4 – Reduction in ramp of temperatura of the optimal mix with 
different oxygen carrier/catalyst ratio.  

After dynamic experiments, the behaviour during cycles at isothermal 
conditions was tested. The number of cycles are 4, the temperature in the 
reduction is 700 °C and in the oxidation 500 °C. The results are shown in the 
figure 3.5. The reductions are fast and in less than 5 minutes all the solid is 
converted. After this, there is a linear grow corresponding to a carbon 
formation. This type of linear grow corresponds to reaction controlled by 
diffusion (Chen et al. 2005). The carbon deposition rate is identified as the 
slope in the figure and it decreases along the cycles. The particle is having 
more carbon over the surface of the particle and the activity is decreasing 
slowly because of active sites blockage. Despite this, the activity is high 
enough for the methane dry reforming. The hypothesis of iron as a catalyst is 
not possible because the range of working temperature is higher than 800 °C 
(Fan et al. 2009), so all the catalytic activity is related to the nickel.  

In the oxidation, a weight gaining is observed and this is decreased along 
the cycles. The main source of this loss is the sinterization generated by 
thermal stress of the solid. This cause a continuous collapse of the micro-
structure and a loss of specific surface area (Bleeker et al. 2009). 
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Figure 3.5 – Temporal evolution of the simple weight along 4 cycles of 
reduction at 700 °C and oxidation at 500 °C. (Coke weight is omitted) 

In the reductions at different temperatures from 650 °C to 800 °C (figure 
3.6a), it is possible to identify how the reduction rate increases and the carbon 
production decrees along the temperature. At 650 °C, the solid is not able to 
loss all the oxygen and the rate is too low compared to the reduction time at 
800 °C. But in the oxidation, the effect is the opposite and at higher reduction 
temperatures, the rate decreases. As all of the oxidations were carried out at 
the same conditions, the responsible of the reactivity loss is the thermal stress 
suffered in the reductions. It is supposed that the macro and microstructure 
has changed in some way because of the sinterization. 
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Figure 3.6 – Reductions at different temperatures (a) and oxidations at 500 °C 
(b) with the optimal solid in isothermal conditions.  

During inertization between steps, set temperature increases from 500 °C 
to reduction temperature. After oxidation there is the possibility of solid 
reaction between carbon depositions and the lattice oxygen above 750 °C. 
Usually in other works, they have operated at constant temperature in 
reduction and oxidation (Hacker et al. 2000; Adanez et al. 2012; Thaler and 
Hacker 2012), but in this manner, part of the efficiency is lost. At lower 
temperatures the steam conversion is higher and the demanded energy is 
lower. 
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It has been analysed the solid after a reduction in order to favour the 
deposition of carbon. The aim is to verify where the decomposition is and 
according to figure 3.7, the carbon is found over the nickel particles. The iron 
oxide particles are identified by an outer layer of Fe2O3 that comes from 
reaction with ambient. Nickel particles do not present peaks in the Raman 
spectroscopy. Despite this finding in the iron particle, it is not likely a solid 
reaction of the carbon at ambient conditions. 

The spectrum of the carbonaceous residue shows two characteristics 
bands: D band (1350 cm-1) that is related to the defects of the carbon and a G 
band (1580cm-1) that is correlated with the degree of graphitization. 
According to the figure 3.7, the degree of disorder is high and the amount of 
amorphous carbon is high. 
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Figure 3.7 – Raman spectra of the optimal mixture after 4 cycles in the 
reduction at 700 °C and 500 °C in the oxidation 
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3.1.3 OVERVIEW  OF THE THERMOGRAVIMETRY RESULTS 
 

To summarize the chapter related to the TGA experiments, it could assures 
that: 

- The NiO bulk catalyst does not fulfil the necessary characteristics for the 
SIP process due to a high carbon deposition and consequently a 
encapsulation of the particles, causing a loss of activity. 

- The nickel aluminate catalyst obtained with 10% excess of NiO phase is 
the most suitable for the process of methane dry reforming. It is able to 
produce hydrogen and carbon monoxide for the iron oxide reduction. 

- The carbon deposited over the particle has the preferential path in the 
nickel surface due to the decomposition of the methane over it. 

- There is a middle point between a low reduction temperature that 
assures high conversion of the metallic iron but high carbon deposition 
and a high reduction temperature in which the reaction rate in the 
reduction is high but the oxidation is greatly affected by the thermal 
stress suffered.  
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3.2 PACKED BED EXPERIMENTS 
 

After finding the best operating conditions and the solid most suitable for 
the process SIP, the next step was the scaling up in a lab-scale packed bed. In 
this section the behaviour with different reactants is explained.  

The first reactant was a synthetic biogas that corresponds to a sweetened 
biogas with the full solid mixture. Then, the alcoholic fraction represented by 
methanol and ethanol with the doped iron oxide. After this, the full mixture 
with different model compounds. Finally, a liquid mixture similar to a bio-oil 
was tested. 

 

3.2.1 SYNTHETIC BIOGAS 
 

The biogas comes from the anaerobic fermentation of waste and its 
composition is mainly a mixture of methane and carbon dioxide. It has some 
traces of hydrogen sulphide, nitrogen and hydrogen. Methane varies from 50 
to 70 % and the rest is CO2. In the TGA experiments, the methane acted as 
inert when there is no catalyst, so the full solid is used with biogas as reactant. 

In the setup used, the exhaust gases were analysed by the chromatograph 
CE Instruments 8000. The sampling frequency is 20 minutes, so it was 
necessary to enhance the analysis with a mass spectrometer. Both instruments 
work in parallel and the mass signal is quantified by the chromatograph. By 
this method, it is possible to obtain a real time signal of the gases evolution. It 
is necessary to measure the concentration with the chromatograph because 
the mass signal varies overnight (Turner et al. 2004). The feeding zone and the 
reactor zone are common to other setups and it is explained in the previous 
chapter. 

The experiments without catalyst are not shown because there is no 
reaction. The three stages of the reduction appear through the different 
oxidation states of the iron: hematite, magnetite and metallic iron. The 
temperatures tested were from 600 °C to 750 °C. The methane and carbon 
dioxide conversion with the molar flow of hydrogen and water are presented 
in the figure 3.8. At the lowest temperature, the methane conversion has an 
induction time. The catalyst is not in its active phase because the solid 
reaction between methane and nickel oxide is slow (r 3.3) (Tokuda et al. 1973; 
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Piotrowski et al. 2005). Moreover, there is Fe2O3 that competes (r 3.4) for the 
methane consumption.  
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Figure 3.8 – Reactant conversion (a) and molar flow of H2 and H2O (b) in the 
reductions with biogas at different temperatures  

Above 650 °C, the activation is almost immediate and the methane 
conversion increases till almost the maximum. The production of hydrogen 
and carbon monoxide increases and consequently Fe2O3 is reduced. Then, in 
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the stage B, Fe3O4 begins to react with the gas. As it was expected, at high 
temperatures the reduction times decrease. At 750 °C the duration is 17 
minutes while at 650 °C is 23 minutes. In the last stage (stage C), the 
composition is principally the methane dry reforming and corresponds in 
almost every case to the gas-gas equilibrium. At lower temperatures it is not 
reached but is not important because the best conditions are found at higher 
temperatures in which there is equilibrium. 

The equilibrium points are represented in the BG diagram (figure 3.9). At 
lower temperatures, they are separated slightly from the theoretical 
equilibrium because the catalyst is not active enough. Above these 
temperatures, the points agree well with the theoretical curve in the gas-gas 
equilibrium. In the case of the points related to the solid-gas equilibrium, the 
points are separated almost a constant gap from the theoretical (represented 
as a band in the figure 3.9). This is due to the diffusional restrictions of the 
gases to pass through the iron oxide layers of the particle. 
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Figure 3.9 –BG diagram with the results of biogas in the reduction. 

The variable tested in the next experiments was the composition in the gas 
stream (figure 3.10). The reaction time decreases because the methane is able 
to produce more moles of reductants (2H2 + C(s)) than the carbon dioxide. 
Unfortunately, the carbon deposition increases. In the stage A, there is no 
difference between them because of the velocity of the reaction. Then, in the 
stage B, the time varies but the shape of the curve are very similar. Finally in 
the stage C, every composition has its own gas-gas equilibrium.  
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Figure 3.10 – Reactants conversion (a) and molar flow of H2 and H2O (b) in 
the reductions with biogas at different feed compositions . 

During the temporal evolution along the cycles (figure 3.11), there is a 
significant loss of reactivity due to the sinterization. After the first cycle, the 
methane conversion is maximum because the nickel is not oxidised in the 
previous oxidation. In the CO2 conversion at the first cycle, the value passes 
through 0% because there is more production from the methane combustion 
with the Fe2O3. After the first cycle, the reduction starts from Fe3O4 and the 
conversion is equal to 45%, equivalent to the equilibrium conversion between 
species.  
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Figure 3.11 – Reactants conversion (a) and molar flows (H2 and H2O) (b) in 
the reductions with biogas along the cycles at 750  °C. 

Respect to the oxidation, an example is shown in the figure 3.12. Due to 
the oxidation is not the controlling step of the process, there is no emphasis in 
this reaction. The CO2 and CO concentrations are assured below the detection 
limits of the instrument ([CO2] <0.28% y [CO] < 0.21%). So the purity of the 
hydrogen is high but is not known if it is suitable for a fuel cell because the 
poisoning limit is around 20 ppm of CO. 
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Figure 3.12 – Oxidation at 500 °C after the reduction at 700 °C 

It has been taken a sample before and after first oxidation for Raman 
spectroscopy analysis (figure 3.13). The spectra show that the carbon 
deposited remains as inert during the oxidation because of the operating 
conditions. Moreover, this with the previous Raman spectra from the TGA 
experiments could confirm that the carbon is just produced over the nickel 
particles as a structured carbon with some disorder. The disorder depends on 
the D band. 
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Figure 3.13 –Raman spectra of the sample before and after first oxidation in 
the reduction at 700 °C. 
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3.2.2 METHANOL 
 

The methanol is the simplest alcohol and its production comes from the 
reaction between hydrogen and carbon monoxide at mid temperature (250 
°C) and high pressure (100 bar). In our reactor is going to happen just the 
opposite reaction in order to produce H2 and CO, they are the responsible of 
reduce the iron oxide. 

In the experimental setup, the exhaust gases are analysed by an Agilent 
7890A chromatograph. The main characteristic is that is possible to quantify 
steam and gases with no previous condensation. The sampling frequency is 
around 6 minutes. As the decomposition of the reactant occurs at low 
temperatures, a strict control of temperature is necessary over the whole 
setup to avoid carbon formation in the tubes. 

The experimental temperatures were from 600 °C to 800 °C in the 
reduction and 500 °C in the oxidation. Initially, blank tests were carried out 
with and without iron oxide trying to figure out the behaviour of the thermal 
and catalytic decomposition. The thermal decomposition was done with an 
inert sand bed in order to keep the spatial time. The conversion of methanol 
was around 10% producing mostly methane and water, that is, the 
preferential path is the dehydration. When iron oxide is used, the conversion 
is total and the main products are hydrogen and carbon monoxide. The yield 
to another species as water, carbon dioxide and methane are less than 10%. 
The rate of carbon deposition is 18% (calculated from the elemental balance). 
It is important to notice that this composition is near to the theoretical 
decomposition. 

As reference, the temporal evolution of the experiment at 700 °C is 
presented in the figure 3.14. It is represented the molar flow of the products 
and the elemental balance of C, H and O ((Cout-Cin)/Cin·100). The three stages 
of the reduction are present: from Fe2O3 to Fe3O4 in the first 6 minutes (stage 
A), from Fe3O4 to metallic iron up to 36 minutes (stage B) and finally the 
catalytic decomposition when all the lattice oxygen is depleted (stage C). 
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Figure 3.14 – Top: Molar flows of the reduction at 700 °C. Bottom: mass 
balances (out – in)  

In the stage B, the solid and the gases are in equilibrium and part of the 
oxygen goes with the gas stream as it can be seen in the mass balances. The 
gases leave the reactor with 65% more oxygen. Finally, the methanol 
decomposition is full because the iron acts as catalyst. The carbon mass 
balance is constant after the stage A because the decomposition is full from 
the beginning despite the active phase (metallic iron) appears later. In the 
stage A, because of a high reactivity of the Fe2O3, the carbon balance is lower 
due to a possible solid-solid reaction between them. 
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Figure 3.15 shows the evolution of the CO ratio at different temperatures. 
The higher the temperature, the higher the hydrogen and carbon monoxide 
produced and consequently the reduction times are decreased. The reaction 
time is proportional to the difference between the equilibrium gas-gas 
(composition after decomposition) and solid gas equilibrium (composition of 
the exhaust gases). While it lasts 60 minutes at 600 °C, it does only 30 minutes 
at 800 °C. The carbon deposited is also less at high temperatures: at 600 °C the 
deficit in the carbon mass balance is 30% and at 800 °C is 7.5%.  

In a first view, it is possible to think that the best conditions is at high 
temperatures in order to avoid carbon deposition, but the sinterization is too 
high and the average conversion in the oxidation decreases (figure 3.16). After 
reduction at high temperatures, the steam conversion is low and constant. But 
at low temperatures, the conversion is higher and the iron is oxidised in less 
time, around 35 minutes. 
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Figure 3.15 – Temporal evolution of the CO ratios in the reductions at 
different temperatures. Theoretical lines in gas-gas equilibrium (straight 

line) and solid-gas equilibrium (dotted line) are included.  
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Figure 3.16 – Temporal evolution of the water conversion in the oxidation 
(500 °C) at different reduction temperatures.  

If the experimental and theoretical values are compared in the BG 
diagram, it is possible to see how close they are (figure 3.17). In the gas-gas 
equilibrium (stage C), the points agree with minor displacements. But in the 
solid-gas equilibrium (stage B), all the points are separated from the 
theoretical by a constant gap. It is known that the reaction of iron and 
hydrogen is related to reaction pathways controlled by diffusion (Tokuda et 
al. 1973; Pineau et al. 2007). In addition, the carbon deposited over the surface 
and the slower reaction with carbon monoxide could increase the resistance to 
diffusion. So the main hypothesis for this gap is that there is a diffusional 
restriction in the mass transfer from outer layers to the reaction zone, which it 
is found near to the core of the particle. 
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Figure 3.17 –BG diagram for the reductions at different temperatures  

At high reduction temperatures, the water conversion is around 15%, very 
far from the theoretical value that is 83% (Xeq,500 °C), but at 600 °C, it is possible 
to reach it. This is due to the thermal stress or thermal history. If it is worked 
cyclically, this increases in every cycle and consequently the suitability 
decreases. The hydrogen yield is represented in the figure 3.18 and there is a 
maximum because there are two counter effects: low conversion of water at 
higher temperatures and high carbon deposition at low temperatures. Despite 
the carbon deposition, the purity of the hydrogen is assured by the detection 
limit of the instrument, CO < 50 ppm. During the oxidations there is no 
detection of carbon monoxide because of the inert character of the carbon at 
operating conditions (500 °C). 
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Figure 3.18 – Hydrogen produced in the oxidations normalised respect to the 
theoretical maximum. 

At 600 °C the hydrogen produced in the cycle decreases because the limit 
pressure is reached before convert the iron oxide. The oxidation time is fixed 
in 60 minutes and thus the yields are comparable. The best conditions are a 
reduction working temperature of 700 °C in which the carbon deposition is 
moderated and the capacity for producing hydrogen is not severe. 

When the carbon deposited could be a problem, a cleaning step is 
advisable, for example, burning of the coke with air. With the purpose of rise 
the efficiency of the process, feeding inert and using the carbon to pre-reduce 
the iron oxide at high temperatures is an alternative. Part of the fuel 
converted into carbon could be reused. Moreover, both solutions involve 
exothermic reactions that could increase the efficiency by pre-heating the 
reactor for the reduction. 

The micrographs of the carbon by SEM and TEM are shown in the figure 
3.19. The carbon deposited is a mix of amorphous carbon and carbon 
nanotubes of 20 and 50 nanometres. The mechanism of formation begins with 
the decomposition of the reactant over the surface of the particle, then the 
carbon diffuse through the particle to the base of the catalyst crystallite. In 
this point, the carbon precipitates continuously. The nanofiber type depends 
on the shape of the catalyst base. The growing of the carbon from the base is 
the responsible of the separation between the support and the crystallite. 
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Figure 3.19 –TEM micrograph of the carbon residue. 

The explanation to find crystallites of different size than the iron oxide 
particles (160-200 micrometres) is that it has cohesive properties and it is 
possible that the sieving is not enough to avoid finer particles stuck to the 
surface. The advantage of produced structured carbon is that is more inert 
than the amorphous one (Bartholomew 2007). Consequently, the purity of the 
hydrogen in the oxidation might be higher. 

 

3.2.3 ETHANOL 
 

The ethanol is the next alcohol in terms of length chain respect to the 
methanol. The main production comes from biological processes of 
fermentation of the sugars due to its use in food. Also, it comes from the 
hydration of the ethylene at 300 °C and 80 bar (Ramachandran and Dao 1996). 
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Other source is the Fischer-Tropsch synthesis like the methanol (Spivey and 
Egbebi 2007). 

Besides the fact that it is one of the components of the bio-oil, also is final 
product from the fermentation from diverse plants. There is a rise in the 
production of bio-ethanol as alternative fuel (Kim and Dale 2004). The 
problem is the speculation of the product because of the double use as food 
and fuel. Consequently, it is probable a price war that provokes instability in 
the food supply. It is fundamental a political regulation to distinguish energy 
crops from that to farm basic food as the flour. Nowadays, the research routes 
are focused on energy crops and increasing the efficiency of the energy 
production [web 3].  

From the ethanol decomposition is possible to obtain hydrogen and carbon 
monoxide in a ratio 3 to 1 (r 3.5) and thus a reductant stream is created for the 
SIP process. Due to secondary reactions there is less than these 4 moles of 
reductants. According to the low ratio C/O, a high carbon formation is 
expected. 

3 2 23C H C H O H H C O C  (r 3.5) 

The experiments were carried out in the same experimental setup as the 
methanol experiments. The sampling frequency is 5 minutes and there is the 
possibility of quantify the water concentration. Moreover, it is analysed the 
methanol and ethanol present in the exhaust gases.  

The solid used was doped iron oxide without catalyst due to the easy 
decomposition of the ethanol. The tested temperatures were from 600 °C to 
750 °C. For the lowest temperature, there are no results because the carbon 
deposited over the bed clogged the reactor. 

The thermal decomposition was tested without solid at 700 °C. The main 
products were methanol and hydrogen, then CO and H2O. The ethanol 
conversion was around 46%. There were minor amounts of ethane and 
ethylene. The main reactions are the thermal decomposition and the 
dehydration (r 3.6 and r 3.7).  

3 2 2 4C H C H O H H C O C H  (r 3.6) 

3 2 2 2 2 2 22 2C H C H O H C H C H H O H H O C  (r 3.7) 
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It is assumed that the specific surface of the porous plate is low and in the 
case of using a packed bed with a higher surface, a total conversion can be 
likely reached. 

In the reduction with ethanol, the three stages are repeated according to 
the consecutive reduction of the doped iron oxide: Fe2O3 to Fe3O4 in the stage 
A, Fe3O4 to Fe in the stage B and finally, in the stage C, the ethanol 
decomposition. In the figure 3.20, the results at 675 °C are represented. 
During the stage B there is a decreasing in the molar flows of the oxidants and 
an increasing in the reductants due to a lower conversion of the solid. Since 
there is a high yield to carbon, the surface is covered and the solid-gas 
reaction could be unfavourable. This behaviour is repeated in all the 
temperatures.  
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Figure 3.20 – Molar flow of the exhaust gases at 675 °C.  

The mass balances of C, H and O along the time are represented in the 
figure 3.21. The oxygen depleted from the iron oxide are calculated and is a 
positive value because there is more molecular oxygen in the exhaust gases 
than in the reactant. The hydrogen balance corresponds only to error in the 
instrument. The carbon balance has negative values because is deposited over 
the bed and in the first stage part of the carbon is reacted with the Fe2O3. In 
the second stage, there is a deposition of around 50% of the elemental carbon 
that pass through the reactor, quite near to the theoretical value, 56%.  
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Figure 3.21 – Mass balances in the reduction at 675 °C (out – in). 

The reactant composition was varied from 5% to 15% and the flows of H2 
and H2O are represented in the figure 3.22. In all the cases the total conversion 
is reached but the duration are proportional to the concentration. When 5% of 
ethanol is fed, the reaction time is 15 minutes, but at 15% it is around 40 
minutes.  
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Figure 3.22 – Reduction at 675 °C at different reactant concentration. 

Depending on the reduction temperature, the temporal evolution of the 
CO ratio is shown in the figure 3.23. In the stage A, the reduction is fast and 
the solid conversion duration decreases along the temperature. As in the 
previous experiments, at higher temperature the main products are hydrogen 
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and carbon monoxide, while the carbon deposited decreases. The reaction 
time decrease along the temperature because of the higher difference between 
equilibriums (lines in the same colour). 
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Figure 3.23 – Temporal evolution of the CO ratios in the reduction of ethanol 
at different temperatures. Theoretical lines in gas-gas equilibrium (straight 

line) and solid-gas equilibrium (dotted line) are included.  

The counter effects of high carbon deposition at low temperatures and low 
steam conversion at high temperatures also occur with this reactant. In the 
figure 3.24, the molar flow of H2O in the oxidation is shown when the 
reduction temperature varies. At the lowest reduction temperature, the 
highest steam conversion is reached but at the highest temperature tested, the 
conversion is below 35%. There is a mark, t*, that corresponds to the 
theoretical minimum time to convert the solid at maximum equilibrium 
conversion. The smoothing shown in the conversion is due to the limitation 
offered by chemical reaction and this behaviour is quite similar to the theory 
of time distribution in real reactors. 
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Figure 3.24 – Molar flow of hydrogen in the oxidations at 500 °C at different 
reduction temperatures. 

The equilibrium points are represented in the BG diagram (figure 3.25). In 
the gas-gas equilibrium (stage C), the values agree with the theoretical, but in 
the case of solid-gas equilibrium (stage B), at lower temperatures the gap is 
further from the theoretical curve. This happened in the same way with the 
biogas experiments and the main hypothesis is that there is no full conversion 
of some of the reactants or reductants. Due to the high amount of carbon 
deposited, this is the most probable responsible, so at lower temperatures, the 
carbon layer is thicker and the gases suffer diffusional restrictions. Despite at 
higher temperature the carbon deposited is minimum, the gap is kept due to 
the diffusional restrictions of the gases through the iron oxide layers. 
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Figure 3.25 – CO ratio at different reduction temperatures . 

The study of the ethanol experiments were completed with the hydrogen 
yield in the oxidation at different reduction temperatures and cycle number 
(figure 3.26). The same conclusions that in the methanol experiments were 
found: there is a maximum in hydrogen yield due to the carbon formation 
that clogs the reactor at low temperatures, and a low steam conversion at high 
temperatures due to a severe thermal stress. In all the oxidations is assured a 
concentration of CO below of the limit detection, [CO] < 50ppm. 
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Figure 3.26 – Hydrogen production in the oxidation according to reduction 
temperature and cycle number. 
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Finally, the carbon depositions were characterised by TEM micrographs 
(figure 3.27). The sample selected was after 3 redox cycles at 700 °C. In this 
case the carbon nanotubes are better defined and it is possible to see the 
crystallite detached from the iron oxide surface. The nanofiber diameter is 20 
nanometres and these are hollowed. The structured carbon assures an inert 
carbon in the oxidation and consequently the high purity of the hydrogen. 

 

Figure 3.27 –TEM micrographs of the carbon nanotubes produced in the 
reduction at 700 °C after 3 cycles  

 

3.2.4 ACETIC ACID 
 

The next reactant is one of the majority components of the bio-oil. It is the 
most used as model compound because its characteristics. The elemental 
composition and the acidity are similar to pyrolysis oil (Wang et al. 1996, 
2014; Takanabe et al. 2004; Hu and Lu 2007; Vagia and Lemonidou 2007; Gil et 
al. 2015; Li et al. 2015). The production is through methanol or biological 
processes in which vinegar is generated. Acetic acid comes from a higher 
degree of oxidation of the sugars passing through ethanol.  

This reactant does not decompose as easy as the alcohols, so in this case it 
is mandatory the full mixture, oxygen carrier and catalyst. The experimental 
setup is composed of the same feeding and reactor zone, but the 
chromatograph that analyses the exhaust gases is a micro-GC Agilent 490. 
The sampling frequency is 2 minutes but is not possible to quantify the water 
because it is forbidden to feed water to the instrument. The steam is 
condensed in a Peltier module. In this way, the temporal evolutions of the 
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gases are slightly smoothed because the module has a death volume with a 
spatial time around 2 minutes. 

Blank experiments were carried out: no solid, only iron oxide and only 
catalyst. In the first one the thermal decomposition was tested and in the 
second one the catalytic decomposition. The working temperatures were 700 
°C and 800 °C. In the case there is no solid, the main products in order of 
composition were methane, carbon dioxide, ethane, ethylene, acetone and 
unreacted acetic acid. At higher temperature, the conversion increased 
somewhat more. As methane and carbon dioxide are abundant, the catalyst 
for the biogas is mandatory in order to obtain more conversion to hydrogen 
and carbon monoxide. The results without catalyst are shown in the figure 
3.28. The methane produced is higher at higher temperatures, the opposite as 
expected from a favoured thermal decomposition. This is explained by the 
sinterization that leads to a lower reactivity (solid-gas reaction) and lower 
activity (catalytic effect). 
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Figure 3.28 – Molar flow of hydrogen and methane at different reduction 
temperatures in the experiments with no catalyst.  

In order to compare the differences between the use of catalyst or not, both 
results are represented in the figure 3.29. As it is expected, the methane 
conversion was maximum and consequently the hydrogen and carbon 
monoxide produced was higher than with no catalyst. The main result is that 
the reduction time decreases from 36 minutes to 27 minutes. 
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Figure 3.29 – Comparison of the molar flows between the experiments with 
catalyst (straight line) and without catalyst (dotted line). 

The results obtained with the full solid mixture are represented in the 
figure 3.30. The stage A is very fast and it lasts 5 minutes. Then, the stage B 
varies from 25 minutes at high temperature to 45 minutes at the lowest 
temperature, 650 °C. The methane generated was almost negligible and the 
hydrogen and carbon monoxide follows the theoretical trend. At higher 
temperatures the reductants generated, H2 and CO, are higher. An undesired 
effect is that the change of the composition between second (B) and third (C) 
stage is slow and this corresponds to lower reaction rates.  

According to the BG diagram (figure 3.31), the behaviour is similar to the 
previous experiments with other reactants. In the stage B, the equilibrium 
solid-gas is separated from the CO ratio a constant value of 10% and in the 
stage C, the gas-gas equilibrium matches the theoretical line. This gap is 
explained by the diffusional restrictions of the gases to reach the core of the 
particle where the reaction occurs. 
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Figure 3.30 – Molar flows in the reductions at different temperatures with 
catalyst. 



 

52 
 

600 700 800 900
0.4

0.5

0.6

0.7

0.8

0.9

1.0

0.4

0.5

0.6

0.7

0.8

0.9

1.0

[C
O

] /
 ([

C
O

]+
[C

O
2])

 

[C
O

] /
 ([

C
O

]+
[C

O
2])

Temperature(°C)

Fe

Fe
3
O

4

S-G equilibrium

G-G
 equilib

riu
m

 

Figure 3.31 – Experimental CO ratios in the BG diagram at different 
reduction temperatures.  

The reactant composition was varied from 5% to 15% and is represented in 
the figure 3.32. The shape of the CO ratio curves remain, but the duration of 
the stages changes. In the case of the higher concentration, the solid 
conversion lasted less than 20 minutes and when 15% of acetic acid was fed, 
the reaction time increased to around 40 minutes. The solid-gas equilibrium is 
constant at any composition because the temperature is the same and the 
reaction related to the equilibrium is equimolar. But the gas-gas equilibrium 
in the stage C changes because the Gibbs free energy varies depending on the 
concentration of inert. Summarizing, the gap is constant in the stage B and do 
not depend on the concentration of reactants and in the stage C the gas-gas 
equilibriums are reached in all the cases. 



Experimental results 
 

53 
 

0 10 20 30 40 50 60
0.0

0.2

0.4

0.6

0.8

1.0

 

[C
O

] /
 ([

C
O

]+
[C

O
2])

Time (min)

 5% HAc 
 7.5% HAc
 10% HAc
 15% HAc

Eq G-S Fe/Fe
3
O

4

G-G equilibrium

 

Figure 3.32 – Experimental CO ratio at different acetic acid concentration in 
the inlet stream. Theoretical lines in gas-gas equilibrium (straight line) and 

solid-gas equilibrium (dotted line) are included.  

In the oxidations, the temperature was changed to 550 °C and the results 
are shown in the figure 3.33. The shape of the curve is similar to previous 
experiments. At higher temperatures the average conversion decreases 
greatly. But at lower temperatures the conversion begins from the equilibrium 
maintaining a high conversion. While in 30 minutes, it is possible to convert 
the solid into Fe3O4 at 650 °C, the conversion of solid is not total after 60 
minutes at 850 °C. Thus, using acetic acid does not avoid thermal stress and 
the sinterization causes reactivity loss at high temperatures.  

Figure 3.34 shows the hydrogen yield at different operating temperature, 
number of cycles and presence of catalyst. There is a maximum between 700 
°C and 750 °C that corresponds to the mentioned counter effects of carbon 
deposition and thermal stress. In all the cases the use of catalyst is 
recommended because the hydrogen yield is higher. 
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Figure 3.33 – Oxidations at 550 °C at different reduction temperatures. 
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Figure 3.34 – Hydrogen yield at different operating conditions (temperature, 
number of cycle and presence of catalyst). 

The carbon depositions were analysed by TEM micrograph and Raman 
spectroscopy (figure 3.35). The catalyst produces carbon nanofibers with an 
average diameter of 11 nanometres. As the methane is an intermediate during 
the reaction, there is extensive bibliography that corroborates carbon 
nanotubes production from methane decomposition (Chen et al. 2005; Li et al. 
2011). The catalytic activity is constant with no deactivation despite the fact 
that during the tubes growing, the crystallite is pulled up from the surface. 
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Indeed, the constant activity is assured during at least 6 hours, time 
correspondent to 3 redox cycles. In the Raman spectra, the samples are before 
and after an oxidation and they are almost identical, corroborating the inert 
role of the carbon in the oxidation. If it is compared with the alcohol samples, 
the disorder degree is higher.  
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Figure 3.35 – (Left) TEM micrograph of the carbon depositions. (Right) 
Raman spectra of the carbon before and after oxidation (T red= 650 °C) 

 

3.2.5 HYDROXYACETONE 
 

The hydroxyacetone, or acetol, is not stable and could change its 
composition at long time in ambient conditions. It is very hydrophilic and the 
purity from commercial supplier is 96.1%. It is one of the majority 
components according to bibliography (Oasmaa and Meier 2005; Bertero et al. 
2012; Remón et al. 2015).  

The control temperature is restricted to a short range because of the 
evaporation and decomposition temperatures are close, so the optimal value 
is 175 °C. When the temperature is increased above the decomposition, the 
hydroxyacetone polymerises into oil. 

The chromatograph used is the Agilent 7890A and the sampling frequency 
is 5 minutes. The vapours are also analysed and in this case is important 
because the thermal decomposition presents a lot of secondary liquid 
products. 

The thermal decomposition was tested at 700 °C to know the conversion 
degree and the selectivity to methane, the most stable product. In the figure 
3.36 is exhibited the different species appeared after the reaction. The first 
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compound in concentration is the carbon monoxide. This could give an idea 
of the high reductant capacity of the stream. Then, the products ordered by 
concentration are methanol, methane, acetaldehyde and unreacted 
hydroxyacetone, with a conversion of 62%. Due to methane is one of the main 
products, it is mandatory the catalyst.  
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Figure 3.36 – Thermal decomposition in absence of solids.  

Although the catalyst is necessary, tests have been carried out with only 
iron oxide. The results (not shown) indicate a total conversion of 
hydroxyacetone and a high amount of methane. So the iron oxide is able to 
decompose the acetol but the equilibrium is not reached.  

The results with the full solid mixture are presented in the figure 3.37. The 
stage A lasts 5 minutes and the conversion of the solid is finished in only 25 
minutes. Then up to 40 minutes, the catalytic decomposition of 
hydroxyacetone goes without any deactivation.  
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Figure 3.37 – Molar flows of the reduction with hydroxyacetone at 700  °C.  

In the figure 3.38 is observed the temporal evolution of the CO ratio and 
its transition between the stages. At 600 °C, there is no reaction because the 
composition in both equilibriums is near and the reducing capacity is low. At 
800 °C the time to convert the solid should be less than the rest, but due to the 
sinterization, the rate between the stage B and stage C is slower than the rest.  
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Figure 3.38 – Temporal evolution of the CO ratio at different reduction 
temperatures. Theoretical lines in gas-gas equilibrium (straight line) and 

solid-gas equilibrium (dotted line) are included.  
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In the BG diagram (figure 3.39), the gas-gas equilibrium (stage C) agrees 
with the theoretical and in the solid-gas equilibrium (stage B), the gap 
appears as in the previous experiments. In this case the coincident point at 
600 °C is important to notice why the experimental points follow a parallel 
line. 
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Figure 3.39 –BG diagram with the experimental values at different reduction 
temperatures. 

In the figure 3.40 is represented the oxidations at 500 °C when the 
reduction temperatures were varied. The behaviour is maintained and at 
higher temperatures the average conversion greatly decreases. So, increasing 
the size of the hydrocarbon, the thermal stress is high.  

The carbon residue was characterised by TEM micrograph (figure 3.41). 
Two types of carbon tubes were observed associated to different solids. In this 
analysis is firstly observed nanofibers from iron and nickel simultaneously, so 
in this case the catalytic effect of the iron is confirmed. In the alcohols without 
catalyst, carbon nanofibers are produced, thus it is possible to say that there is 
catalytic effect in both solids and the activity of the nickel is higher than the 
iron because is able to decompose the existing methane. The diameter of the 
nanofibers are similar.  
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Figure 3.40 – Oxidations at 500 °C after different reduction temperature.  

 

 

Figure 3.41 – TEM micrograph after the reduction at 650 °C. (Left) Zoom of a 
catalyst particle. (Right) Zoom in an oxygen carrier particle.  

As the three reduction stages, the high reactant conversions and the 
behaviour of the oxidations are similar to previous results, the analysis by 
Raman spectroscopy seems unnecessary. 
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3.2.6 ACETONE 
 

The acetone is a component that is not majority in the bio-oil but is the 
ketone with the shortest chain length, so it is representative of this functional 
group. Usually, this is used as solvent of organic compounds and in chemical 
synthesis. Its production is from the cumene process (Hock and Lang 1944). 
One of the main characteristics is the high volatility.  

The analysis system is the Agilent 7890A in which is possible to quantify 
vapours at a sampling frequency of 6 minutes. There is no problem in the 
feeding because its high volatility but the ratio C/O is higher than the 
previous experiments and the carbon deposition increases causing a clog. 

With this reactant, it has been tested directly with the full solid mixture of 
oxygen carrier and catalyst. The temperature was varied from 650 °C to 800 
°C in the reduction and in the oxidation is 500 °C. It has been tested at 600 °C 
but the amount of carbon clogged the reactor and the maximum pressure of 
the experimental setup (1.5 bar) was exceeded. In the figure 3.42, the molar 
flows of the experiment at 700 °C are represented and the three stages are 
present. Despite some error in the first point, the behaviour is similar to 
previous experiments. The time for full conversion is around 27 minutes and 
finally the composition during catalytic decomposition appears.  
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Figure 3.42 – Molar flows in the reduction at 700 °C with acetone as reactant.  
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In the reductions at different temperatures (figure 3.43), it is possible to 
observe the same phenomena than the rest of reactants. In the stage C the 
equilibrium are close to the theoretical values and in the stage B the gap 
between experimental and theoretical is similar to previous. The two 
experiments at low temperature and the two at high temperatures are 
grouped. This is the unique experiment in which this phenomenon is 
observed, so it is considered casual. In the BG diagram (figure 3.44) is shown 
how this gap depends on the temperature. The separation is explained by the 
diffusional restriction of the gases to pass through the layers of the iron 
particle. 
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Figure 3.43 –CO ratio at different reduction temperatures. Theoretical lines 
in gas-gas equilibrium (straight line) and solid-gas equilibrium (dotted line) 

are included. 
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Figure 3.44 –BG diagram at different reduction temperatures.  

The reactant flow was varied to obtain different concentrations from 5% to 
15%. The CO ratios are represented in the figure 3.45. The theoretical G-G 
ratios in the three experiments are almost identical, so is represented only one 
theoretical value. In the stage B, the points are separated the same value from 
the theoretical and follows the same trend as other experiment: the gap is 
constant along the temperature. The full solid conversion is proportional to 
the flow of reactant and it is observed in the curves. 

0 10 20 30 40
0.0

0.5

0.6

0.7

0.8

0.9

1.0

G-G equilibrium

 

 

[C
O

]/(
[C

O
]+

[C
O

2])

Time (min)

 0,05 bar
 0,10 bar
 0,15 bar

S-G equilibrium

 

Figure 3.45 –CO ratio in the reduction at different reactant flow.  
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The oxidation results after the reduction with acetone is observed in the 
figure 3.46 and there are two groups at low and high temperatures as in the 
previous reduction. In the group of high temperatures, the conversion is 
higher than at low temperature. In the figure 3.47, the oxidations at the same 
temperature but different reactant flow in the reduction are compared. 
Because the temperature is the same, the thermal stress is identical and the 
curves are similar. From this result is possible to conclude that the reactivity 
loss has as main cause the temperature and not the reactant used. 
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Figure 3.46 – Oxidations at 500 °C after reductions at different temperatures.  
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Figure 3.47 – Oxidations at 500 °C after reductions at different reactant flow.  
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The carbon depositions were analysed by TEM micrograph (figure 3.48) 
and it has been found carbon nanofibers from iron and nickel particles. The 
diameter is around 15 nanometres, the same size as the nickel crystallite. In 
the upside part of the image, there is a piece of nickel aluminate catalyst and 
is possible to distinguish the nickel over the particle as black points, so the 
dispersion is high as it can be seen. 

 

 

 

Figure 3.48 –TEM micrograph of the solid after reduction at 650  °C and 
oxidation at 500 °C. 
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3.2.7 SYNTHETIC BIO-OIL 
 

The bio-oil is a complex mixture, mainly oxygenated hydrocarbons in 
which is included every tested compound. The individual behaviour were 
analysed but it is unknown the crossed effects between them. 

The mixture used in the next experiments contained methanol, acetic acid 
and hydroxyacetone. Moreover, the effect of adding water into the mixture 
was tested but it is necessary to say that is a different reaction. It changes from 
catalytic decomposition to steam reforming of the reactant. Because the 
catalyst is used for the steam reforming, the expected behaviour should not be 
different when water was used in the mixture. 

One of the main necessary characteristics of the reactant should be that it 
has to be evaporated with no residue because of the experimental setup 
configuration. Consequently, the sugars and hydrocarbons that polymerize 
are discarded. The synthetic mixtures were heated overnight and no residue 
was present. As it is commented in the experimental section, the elemental 
composition of the bio-oil does not vary substantially according to the process 
used in the pyrolysis, but the amount of the different compounds changes. 
The compositions of the mixtures were described in the table 2.2 and they 
agree to the concentration ranges found in bibliography. 

The design of experiments consisted of 6 reactant mixtures and three 
temperatures (650 °C, 750 °C and 850 °C). The oxidation temperature is fixed 
in 500 °C. The exhaust gases are analysed by the micro-GC Agilent 490 and 
the vapours are condensed in the Peltier module. As this section is an 
extension of the previous tests, the blank experiments are not carried out and 
it has been used the full solid mixture: oxygen carrier and catalyst. 

In the figure 3.49, the results at the lowest temperature, 650 °C and with 
the mixtures M#1, M#2 and M#3 are shown. In this case, the amount of 
carbon deposited is so high that is not possible to finish the first cycle. The 
carbonaceous residue is 34.4%, 40.2% and 43.4% of the carbon fed, 
respectively for M#1, M#2 and M#3. In the stage B is possible to observe that 
the equilibrium points are near and separated from the equilibrium, the same 
gap that appears in all the previous reactants. The reason because they are not 
identical is due to the high pressure in the reactor that causes some minor 
error in the GC analysis.  
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Figure 3.49 –CO ratio in the reductions at 650 °C with different bio-oil 
compositions (M#1, M#2 and M#3). 

At 850 °C, the observed behaviour was coincident in the mixtures M#1, 
M#2 and M#3 (figure 3.50). The solid conversion in the first cycle finishes in 
30 minutes. The stage A is fast and lasts 5 minutes. Then, the stage B has no 
constant conversion over the solid reaction caused by the high temperature 
used and the thermal stress suffered at 850 °C. The separation from the 
theoretical equilibrium is the gap observed in all the reactants and has a value 
of around 0.1 units of ratio. The time to full conversion decreases in every 
cycle from 25 minutes to 15 and finally 7 minutes in the third cycle, so it is 
patent the reactivity loss of the solid. Despite the three mixtures has different 
species composition but similar elemental composition, the curves are 
coincident and it is possible to conclude that the behaviour of the reduction 
depends on the elemental composition of the reactant and not the functional 
groups. According to the catalyst, in all the cycles and mixtures, the 
equilibrium is reached and there is no deactivation. 
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Figure 3.50 – Temporal evolution of the CO ratios in the reductions at 850  °C 
with different compositions of synthetic bio-oil. 

At mid temperature, 750 °C, the average mixture from M#1, M#2 and 
M#3, numbered as M#4 is tested beside the M#4 with 15% (M#4+15) and 30% 
(M#4+30) of water. As the water is an oxidant, the reductant capacity is 
decreased and consequently the gas-gas theoretical equilibrium is found at 
lower hydrogen and carbon monoxide ratios. The difference between the two 
theoretical equilibriums is reduced and the rate of oxygen depleted is 
diminished. In the figure 3.51, the reductions with these mixtures at 750 °C 
are presented. The M#4 mixture is able to reduce the solid in only 25 minutes, 
the M#4+15 mixture around 35 minutes and the M#4+30 mixture lasts 100 
minutes to reduce it. In the other way, the higher the amount of elemental 
oxygen in the inlet stream, the carbon deposition is reduced or even avoided. 
Indeed, the samples with water do not produce carbonaceous residue and the 
M#4 mixture has a carbon mass balance of 25%. This fact permits to work up 
to 3 cycles in the wet mixtures. A common effect is that along the cycles the 
reactivity was decreasing and the reaction rate too. The sinterization and the 
thermal stress are unavoidable at this temperature. At this point, the crossed 
effects of the model compounds were not observed 
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Figure 3.51 – Temporal evolution of the CO ratios in the reductions  at 750 °C 
with different wetness in the synthetic bio-oil. 

The behaviour along a higher number of cycles is shown in the figure 3.52. 
The mixture selected was the M#4 and the time of experiment was decreased 
to exclusively the conversion of the solid, trying to avoid extra time that 
deposits more coke in the stage C. In a scaling up, the carbon should be burn 
with air every some cycles to avoid the clog. In the figure the CO ratio of ten 
cycles is represented and is shown how the reactivity is lost along the cycles 
without regeneration step. In the stage B, the solid-gas equilibrium begins 
with a gap that increases over the cycles due to lower reaction rates. In the 
third cycle, the gas-gas equilibrium is reached in all the reductions and 
confirms that the catalyst is not deactivated after 4 hours of reduction and 10 
hours of oxidation.  

The oxidations are represented in the figure 3.53 and the loss of reactivity 
caused by the thermal stress is observed along the cycles. In this case, above 
the third cycle, the curve is similar in which the maximum conversion 
reached is 35%. It was found in the exhaust gases CO2 with a concentration of 
around 0.5% as maximum, but no carbon monoxide was detected. 



Experimental results 
 

69 
 

0 5 10 15 20 25
0.0

0.5

0.6

0.7

0.8

0.9

1.0

 

[C
O

]/(
[C

O
]+

[C
O

2])

Time (min)

# cycle

G-G equilibrium

S-G equilibrium

 

Figure 3.52 – Temporal evolution of the CO ratios in the reduction at 750  °C 
with the mixture M#4. 
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Figure 3.53 – Oxidations at 500 °C after the reductions at 750 °C along 10 
cycles 

To summarize, the hydrogen yield with every mixture at different 
temperatures and number of cycles is represented in the figure 3.54. At low 
temperatures, the carbon deposition is too high for completing more than one 
cycle, and the hydrogen generated in the next oxidation is proportional to the 
conversion of solid in the reduction. At high temperatures, it is possible to 
work during 3 cycles but the amount of hydrogen generated in 60 minutes 
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(fixed time in all the oxidations) is less than at mid temperatures because the 
low average solid conversion. The effect of varying water in the mixture on 
hydrogen yield is compared at mid temperatures. The best yields are obtained 
in the case of no water addition, but due to the carbonaceous residue, the 
number of cycle reached is only two. In other mixtures with water, a third 
cycle is reached with slightly lower hydrogen yield. The best results are 
obtained in the case of M#4+15 that corresponds to a low water content bio-
oil (15% water) but it is still in the limits of real pyrolytic oil according to 
bibliography.  

Regarding the 10 cycle results (when reduction lasts until stage B ends), 
the loss of reactivity is around 3% per cycle. Despite the increase in the 
number of cycles, the reduction capacity greatly decreases. On the other side, 
the catalyst has been suitable to be used continuously without any 
deactivation during 14 hours, time of the 10 redox cycles. 
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Figure 3.54 – Comparison of the hydrogen yield depending on the 
temperature, number of cycle and reactant mixture.  

To sum up, the optimal working conditions in the reduction stage is a 
temperature of 750 °C in which the sinterization of the oxygen carrier and the 
carbon formation are reduced. The best mixture to be used is the low wetness 
bio-oil in which the water content is around 15%. Using this mixture the 
carbon formation is totally avoided. 
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3.3 EXPERIMENTAL SUMMARY 
 

In this chapter the most relevant results from the experimental work are 
reviewed. The full solid was tested in a packed bed reactor of small size using 
as reactant gases, individual model compounds and mixtures similar to a real 
bio-oil according to bibliography. The test temperature was varied from 600 
°C to 850 °C. Only the alcohols were tested with oxygen carrier and no 
catalyst. As they were able to decompose into equilibrium, the final 
conclusions are applicable also to them.  

In the reduction step with every model compound, the three stages were 
observed in which the iron oxide pass through all the oxidation degrees. The 
stage A lasts only 5 minutes in all the cases and corresponds to the conversion 
of Fe2O3 into Fe3O4. There is no thermodynamic limitation and the conversion 
is 100% into H2O and CO2. It is similar to air combustion but is carried out 
with the lattice oxygen. An exceptional case was the biogas in which at low 
temperatures the reaction increases because the catalyst was activated in 
longer times. 

The stage B is the reduction from Fe3O4 to metallic iron and is the most 
important of the process. This is the limiting reaction for hydrogen obtaining. 
The fact is that the hydrogen generated in the oxidation is proportional to the 
oxygen carrier conversion in the reduction. The conversion of the iron oxide 
proceeds in all the cases and the reduction time decreases at higher 
temperatures. At the beginning of the stage the conversion is the maximum 
possible and then slowly decreases. This behaviour is compatible with the 
shrinking core model controlled by the reaction in which the rate is 
proportional to the reaction surface inside the particle. 

Along the cycles, the reduction capacity greatly decreases. The most 
favourable conditions were at mid temperature, 750 °C, and the mixture M#4 
as the reactant. After 10 cycles is possible to obtain a hydrogen yield of 68% 
with a linear decreasing. The goal of this work is not to optimise the oxygen 
carrier but an optimization of the solid would enhance the process. 

There are two main concepts in the solid-gas reactions involved. The 
reaction rate corresponds to that between reductants (hydrogen and carbon 
monoxide) and iron oxide. The reaction zone is found in a front in the fixed 
bed and its size varies depending on the kinetics. At higher rates the front is 
shortened and vice versa (figure 3.55a). When the gases leave this zone, they 
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are totally converted into its possible maximum. Due to the dynamic 
behaviour of the process, it is only possible to see the kinetics when this zone 
arrives at the final of the bed. The second concept is the reaction time that 
corresponds to that for the total conversion of the solid (figure 3.55b). Due to 
the thermodynamic limitations, this time depends on the difference between 
solid-gas and gas-gas equilibriums. So, the oxygen depleted per unit of time is 
fixed. Thus, it is possible to find a high reaction rate with the highest reaction 
times. This happens in the reactions at low temperatures in which there is no 
thermal stress but the difference between the lines in the BG diagram is lower 
than at high temperatures. In the opposite point, at higher temperatures the 
reaction rate is lower because of the sinterization but the times are decreased. 

Once the iron oxide is totally reduced, the stage C presents the equilibrium 
composition when only the catalyst is in its active phase. It is assumed that 
the iron oxide finds this mix of gases from decomposition or reforming at the 
beginning of the reactor. All the reactants, except the biogas in some 
conditions, are able to achieve the equilibrium conversion. The controlling 
step is the decomposition of the methane and is the reason because a 
reforming catalyst is selected as most suitable. Thus, the catalyst is 
determinant for the efficiency of the process because it is necessary to produce 
reductants as fast as possible up to equilibrium conversion. In this sense, the 
reduction times are shortened. 

In an attempt to summarize all the results in one image, the BG diagram is 
used and the equilibriums points of every liquid reactant are represented in 
the figure 3.56. The theoretical curve for the solid-gas equilibrium 
(correspondent to stage B) is constant because the reaction is the same in all 
the cases: reduction of carbon monoxide (and hydrogen) with iron oxide. But 
in the gas-gas equilibrium (correspondent to stage C), the curves change 
depending on the elemental composition of the reactant and its concentration. 
In the catalytic decomposition, the experimental values are close to the 
theoretical lines. In the stage B, there is a separation between them with a 
constant value depending on the reactant. The alcohols differ from the rest 
and the cause is not clear, but if the figure 3.57 is observed, the amount of 
carbon monoxide that produces is low. Despite this finding, it is assumed that 
there is a constant gap along the temperature in which the worst scenario is 
that the value of separation is 0.1 units of CO ratio. 
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Figure 3.55 – Reactant concentration at different reaction rates (a) and the 
travelling front (b) (L: length of the packed bed and f: reaction front).  
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Figure 3.56 –CO ratios in the first cycle with different reactants.  
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Figure 3.57 – Composition after decomposition reaction of the different 
model compounds. 

There are some hypotheses for the gap presented between the 
equilibriums and are based on three key points: 

- The iron oxides, apart from different oxidation degrees, can present 
different phases. At working temperature, the iron is in α phase but 
above 912 °C it could convert into γ phase (Darken and Gurry 1945, 
1946). The magnetite does not suffer any change in its structure. The 
reaction enthalpies only depends on the specie, but the specific heat 
varies from one phase to another. In the thermodynamic databases, 
different values for every compound are presented and consequently 
the Gibbs energy changes. The weak point for this hypothesis is that 
the oxygen-iron system is extensively studied and the values for the 
databases are precise. 

- Respect to the kinetics, the reaction rate equation is composed of 
three factors: kinetic constant that depends on the temperature, gas 
conversion that is limited by the equilibrium constant and solid 
conversion in which the adopted model is de shrinking core model 
(eq 3.1). The only factor that depends on the equilibrium is the gas 
conversion and it should depend on another parameter that is not 
taken into account. According to the mentioned diffusional 
restrictions of the gases to pass through the iron oxide layers, there is 
some evidences that the water is accumulated in the reaction zone 
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(Gupta 2006). As there is equilibrium between all the present species, 
the composition is related to the diffusional restriction of the water.  

*
2 / 3( )· ·(1 )

( )
i

i i so l

o b s

P
r k T P X

K T
 (eq 3.1) 

- Another supposition is that the experimental temperature in the bed 
is slightly lower than the working temperature. In the acetic acid 
experiments, it is possible to see the difference between the reactor 
and the oven temperatures. At the beginning of the experiment there 
is a drop of 30-50 °C and after some minutes achieves the set 
temperature. Lower CO ratios correspond to a higher oxygen amount 
in the gases. After the gases pass this cold spots, placed in the 
reaction zone, they are heated at set temperature at the end of the 
reactor. In the figure 3.58 is exemplified this pathway: point A is the 
CO ratio after the decomposition of ethanol, then the iron oxide is 
reduced and the next point B is at lower temperature in the limit 
conversion. Finally at the end of the reactor, the point C is at set 
temperature but the way is through the same elemental composition. 
This last point is the weakness of the theory because at this zone, the 
iron oxide could be reduced further. A gap of 0.1 corresponds 
theoretically to a cold spot 200 °C lower than the working 
temperature. This is higher than the adiabatic temperature, around 60 
°C less (it is not possible less temperature than this). 
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Figure 3.58 – Pathway proposed based on the cold spots theory.  
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All the hypotheses have its weakness, but the most possible is a 
combination of them. The cold spots theory and the water accumulation in 
the reaction zone are facts corroborated by bibliography. 

One of the important variables studied was the amount of water in the 
reactant. Two synthetic bio-oils were prepared with 15% and 30% of water. 
Longer reduction times are expected because water is an oxidant and is the 
product of the reactions. For 15% of water the time rises 10 minutes and in 
30% achieves 100 minutes of reaction. As it is not possible to eliminate the 
water from the pyrolytic oils, the time increases but the carbonaceous residue 
is avoided. According to the accumulation of water hypothesis, these 
experiments should present higher CO ratios, but the gap was the same as the 
other reactants in the solid-gas equilibrium (stage B). 

After the reduction step is assured, the oxidation is carried out. The 
operating temperature was in almost all the cases 500 °C, so the kinetic 
constant should be the same. As it was observed, it varies depending on the 
temperature and the number of cycle. Both variables are related to the 
thermal stress suffered by the iron oxide. Thus, the most favourable 
conditions are a temperature between 700 and 750 °C that ensure low coke 
deposition and a minimum loss of reactivity. In the oxidation the length of the 
reaction zone (f) is bigger than the packed bed (L), so the reaction rate is the 
evolution of the molar flow from the beginning of the reaction (example 
shown in the third case of the figure 3.55a). In the 10 cycles experiment, the 
oxidation curve above the 4th cycle is almost identical and this is a sign of 
constant kinetics. This is a residual reactivity of 60% of the total solid. Future 
work could be focused on increase the alumina and ceria amount in order to 
increase the thermal resistance. 

The quantity of carbonaceous residue was verified by indirect calculations 
from the carbon mass balance and agrees with the theoretical. The direct 
quantification by weighting is not used because the final solid depends on 
various factors as possible gasification or chaotic accumulation in the 
reductions. The model compounds with high ratios C/O and C/H favours 
the deposition of carbon. The most unfavourable case is the acetone (C3H6O) 
in which the 70% of the carbon fed is deposited, corresponding to 28mg/min. 
In the opposite, the methanol generates 1.4mg/min. The synthetic bio-oil 
M#4+15 produces 0.26mg/min.  

The deposition at the beginning of the packed bed is favoured as it is 
confirmed by direct observation. Thus, the catalytic decomposition happens 
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very fast at this point and then the gases (mainly hydrogen and carbon 
monoxide) pass through the bed. As the carbon is produced as carbon 
nanofibers, these grow and need more reactant. 

In the characterization of the samples, in TEM micrograph two types of 
structures were observed depending on the metal. The iron oxide after 
reduction is able to create hollowed carbonaceous structures with a diameter 
of 20 and 50 nanometres. The nickel catalyst produces carbon nanofibers of 20 
nanometres. The difference between them is the size of the crystallite and in 
the case of iron oxide, the shape is more irregular. In Raman spectroscopy is 
possible to see the disorder degree of the coke before and after oxidations by 
comparing the D band (1350 cm-1) and G band (1580 cm-1). In all the cases the 
spectra are identical and consequently the carbon acts as inert at the oxidation 
operating conditions.  
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4 MODELLING 
 

In this section the phenomena that happen during the reduction and 
oxidation are studied. Two levels of approach are used to analyse the 
reactions involved in the packed bed. First, a simple model based in the 
stoichiometry of the process and then a rigorous model implementing the 
fixed bed equations. From the last one, the kinetic constants are obtained by 
fitting the molar flows of the gases and the behaviour at different operating 
conditions could be predicted. 

 

4.1 MODELLING OF FIXED BED REACTORS 
 

Two methods were selected to study the behaviour of the fixed bed reactor 
in non-steady state:  

- Equilibrium and maximum reaction: only the stoichiometry and the 
thermodynamic equilibriums between species are taken into account. 
The reaction times and the maximum adiabatic temperatures are 
calculated approximately. This is explained in the first part of the 
section. 

- Mass balances in fixed bed reactor: Through mathematical modelling, 
a numerical solution is obtained based on finites differences method. 
Some simplifications as pressure and temperature constants are 
supposed due to the dilution of the reactants. This is the rigorous 
model explained in the second part of the section. 

According to the experimental results obtained in thermobalance and in 
fixed bed reactor, only the mass balances are comparable. For the energy 
balances, measures along the reactor with thermocouples are needed. Due to 
the small size of the reactor, this is not possible. 

Moreover, the reactions involved are numerous and with the 
thermogravimetry data is not possible to elucidate the elemental reactions 
that compose the full reaction pathway. The gases composition is practically 
controlled by the thermodynamic at operating temperature and also limited 
by the oxygen transfer rate between solid and gas. The main reactions are the 
reduction with hydrogen and carbon monoxide of the Fe3O4. The fastest 
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reaction controls the solid conversion and the composition of the gases 
because both are working in parallel. In this case, the reduction with 
hydrogen is the fastest (Tokuda et al. 1973; Jozwiak et al. 2007) and both are 
related by the water gas-shift reaction (r 2.7). 

 

4.2 BASIC MODEL 
 

All the reactions that take place in the packed bed reactor could be 
included in equilibrium reactors in which minimization of Gibbs energy is 
assumed. The three stages (two since the second cycle) could be explained as 
a shock-wave that corresponds to the instant reaction along the reactor in 
axial direction. 

The first assumption in the stoichiometric model is that the reactant is 
totally decomposed in H2, H2O, CO, CO2, CH4 y C at the very beginning of the 
reactor. Due to vapours of unreacted biofuel were not found, even when iron 
oxide is full converted, the catalyst is active enough for the decomposition 
before the solid-gas reaction zone (stage B). 

In the stage A in which Fe2O3 is converted into Fe3O4, the reaction is total 
an irreversible and the reductants (hydrogen, carbon monoxide and methane) 
are converted into carbon dioxide and water. Due to the conversion is 100% 
and the oxygen depleted is only 11% of the total, the duration is very short. 

The relation between the duration of stage A (ta) and the duration of stage 
B (tb) at a temperature of 750 °C, pure hydrogen fed and conversion equals to 
that from the experimental equilibrium (theoretical equilibrium plus 0.1), is 
around 30 times more (eq 4.1). 

2

2

, , ,

, , ,

0 , 8 9· / · 0 , 8 9 / 0 .2 5 8
3 1, 4

0 ,1 1· / · 0 ,1 1

O to ta l so l H eq o b s aa

b O to ta l so l H eq o b s b

n n Xt

t n n X

eq o b s aX·

··
2  (eq 4.1) 

where 

it  : duration of the stage i 

,O to ta l s o ln  : moles of oxygen in the solid 

2Hn Hn : molar flow of hydrogen 

, ,e q o b s iX : observed equilibrium conversion of the stage i 
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The stage B is the most important due to it is repeated over the cycles in 
both reaction senses. In bibliography there are some studies that mark the 
reduction of FeO into Fe as the limiting step (Tokuda et al. 1973; Gupta 2006; 
Pineau et al. 2007). Experimentally it was not observed and only the reduction 
of Fe3O4 into Fe is assumed. Consequently, the theoretical curve used is this 
one. The experimental equilibrium conversion found is the theoretical 
displaced a value of 0.1. This value is conservative considering that in some 
case the gap was lower. In this stage, the 89% of the oxygen lattice is 
consumed and is limited by the thermodynamics regardless of the reactant 
and the total pressure in the reactor. 

The stage C corresponds to the time after the oxygen carrier is converted, 
so the composition is exactly the catalytic decomposition. In all the cases, 
except at low temperatures with biogas, the experimental and the theoretical 
gases concentration agree. 

In the figure 4.1, a conceptual example of the evolution of hydrogen ratio 
along the reactor is represented. Once the unreacted solid and the gas make 
contact, they react instantly and the steam generated reduces the hydrogen 
ratio up to the equilibrium. This profile is the reaction front and moves along 
the reactor with a velocity that depends on the amount of oxygen carrier and 
the partial pressure of reactant. In the basic model, the reaction rate is 
supposed maximum and the reaction front is similar to a step that travels in 
axial direction. 
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Figure 4.1 – Spatial evolution of the hydrogen ratio (black) and the solid 
conversion (red) inside the reactor during the reduction with hydrogen. 
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Feeding biofuel, taking into account only the elemental composition, the 
behaviour is totally similar but the rate of the oxygen depleted is higher. 
Therefore the duration of the stages are shortened. Hydrocarbons are able to 
obtain more oxygen from the solid because they decomposed into more than 
one mole of hydrogen and carbon monoxide. For example, the amount of 
oxygen captured with the mixture M#4+15 is 2.3 times higher than with pure 
hydrogen when is calculated by minimization of Gibbs energy.  

In the energy balance of the reactor, some aspects are taken into account: 
full conversion of Fe3O4, gases composition from the catalytic decomposition 
of M#4+15 at 750 °C and the equilibrium is assigned to the theoretical plus 
10%. The calculations are made with the software HSC 5.1. Experimentally, 
the solid and the gas are diluted in sand and inert gas. With inert species the 
temperature that corresponds to the gradient of adiabatic maximum 
temperature is 687 °C, so it decreases because is an endothermic reaction. In a 
real application in which all the inert is eliminated from the reactor, the 
temperature is 542 °C. If the energy balances are applied to the reactor and 
the front zone, the temperature front travels with the same velocity as the 
reaction front (figure 4.2). The assumptions are that there is no resistance to 
the heat transfer between solid and gas. Before the reaction zone, the 
temperature is set by the inlet gas and after this, the energy consumed by the 
reaction decrease the temperature of the gas and the solid. The progression of 
the temperature after the reaction zone is that it increases because of the heat 
provided by the solid and the oven to the gas. 
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Figure 4.2 – Evolution of the hydrogen ratio (black) and the hypothetical 
temperature profile (red) during the reduction with synthetic bio -oil 

(M#4+15) 

The oxidation happens in a similar way with both fronts, but due to the 
reaction is exothermic, the adiabatic temperature is higher than the set 
temperature, in this case 615 °C with inert solid and gas and 790 °C without 
them. The hot spots produced by this higher temperature could gasify the 
coke previously deposited and unfortunately lower the efficiency of the 
process.  

One of the hypotheses for the separation from the equilibrium was the 
decreasing of temperature during the reaction. This is supported partially 
because the temperature reached is not enough. Besides this, a kinetic effect 
that slow down the reaction rate when is near to the equilibrium is needed to 
explain the behaviour. A diffusional restriction in which the amount of 
products, water or carbon dioxide, is high agrees with a composition near to 
equilibrium. So the accumulation of water inside the particle is supported by 
the combination of the two hypotheses. 
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4.3 DETAILED MODEL 
 

In a real reactor, the reaction fronts are smoother than the previous section 
and the shape is similar to a sigmoid. This is because changes from an ideal 
instant reaction to real kinetics. In an operation a big scale, it is preferable the 
thinnest reaction zone possible to keep a stable conversion along the time and 
enhance the control of the process. Moreover, modelling the reactor with 
higher detail level is possible to obtain more knowledge from the kinetics. 

The assumptions are: 

- Radial mass dispersion negligible due to small scale. 
- Axial mass dispersion included. 
- Isothermal reactor since there are low temperature profiles. 
- Constant pressure (1 bar) due to the size of the reactor and the 

dilution of the reactants. 

 

4.3.1 MATHEMATICAL EXPLANATION  
 

The equations that govern the behaviour of the species in a fixed bed 
reactor with mass dispersion and solid-gas reaction are described in the table 
4.1. 

To find the solution is necessary to use numerical calculus algorithms in 
spatial and temporal dimensions. There are two groups to solve the equations 
in partial derivatives: finite elements and finites differences. From these, it has 
been used the second one for simplicity in the implementation. 
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Table 4.1 – Detailed model equations 

Mass balances (gas phase)  
2

2
· ·i i i

s e ff i
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u D V r

t z z
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(eq 4.2) 

Mass balances (solid phase)  

·so l
i

n
V r

t  
(eq 4.3) 

Kinetic equation, SCM  
2 / 3*3· · · / · 1i i i eqr b k C C K X  (eq 4.4) 

Axial dispersion (Edwards and Richardson 1970)  

2

0 .7 3 0 .5
· ·

9 .7·R e ·

R e ·

e ff s pD u d
S c

S c

 
(eq 4.5) 

 

where 

in in  : molar flow of specie i (mmol/min) 

su  : superficial velocity (cm/s) 

e f fD  : diffusion coefficient (cm2/s) 

VV  : volumetric flow of gases (cm3/s) 
V  : reactor volume (cm3) 

ir  : reaction rate (mmol/s·cm3) 

s o ln  : amount of initial solid (mmol) 

b  : stoichiometric ratio (-) 
k  : kinetic constant (s-1) 

iC  : concentration of the specie i (mmol/cm3) 
*
iC  : concentration of the specie i in the equilibrium (mmol/cm3) 

e qK  : equilibrium constant (-) 

X  : solid conversion (-) 
R e  : Number of Reynolds (-) 
Sc  : Number of Schmidt (-) 

 : porosity (-) 

pd  : particle diameter (cm) 
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From the discretization of the equations, the explicit and implicit methods 
appear. In the explicit method the calculation is iterative along the spatial 
dimension and direct from previous known values. In the implicit methods, it 
is necessary to solve the full system of linear equations in every temporal 
interval. Every method has its strengths and weaknesses. In the explicit 
method, the implementation is easy and stable but the mesh is very restrictive 
and the time for obtaining the solution is very high. In the case of the implicit 
methods, they are harder to implement because of the use of big matrix, but 
the solutions are more exact and the times to obtain them are much shorter. 
The selected method is the implicit for solving the system of derivatives 
partial equations. 

The solving method is the Crank-Nicolson (Crank and Nicolson 1947). The 
precision is of second order respect time and space, while the Euler methods 
are only of first order precision. The spatial discretization is done from the 
previous and next point (j in the figure 4.3). The temporal is from the next 
point because of stability issues (n in the figure 4.3). After the discretization, 
the boundary conditions are applied. At the beginning there is Dirichlet 
condition (constant concentration) and at the end Neumann type conditions 
(constant normal flow). In both conditions order 2 discretization are used. 

 

Figure 4.3 – Crank-Nicolson stencil for solving PDE. 

Usually, the Courant-Friedrichs-Lewy (CFL=us/( z/ t)) condition is 
checked in order to verify how restrictive is the numeric problem. In the 
formula, “us” is the superficial velocity, “ z” the spatial mesh size and “ t” 
the temporal mesh size. This is a relation between the velocity of the flow in 
the reactor and the numerical velocity. For an explicit method is mandatory 
that the velocity of the numerical propagation is higher than the velocity of 
the flow. In the implicit methods it is not necessary and it is possible to work 
at higher values. In this case is important because the mesh is stretched in 
temporal direction. 
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Another necessary condition in second derivative problems is that the 
number of spatial intervals must be more than nmin=us·L/2·D or z less than 
2·D/u. Assuring this, the mass diffusion is higher than the numerical one and 
the solution is stable and precise. 

Due to the model used for the solid-gas reaction is the shrinking core 
model (conversion term powered to 2/3), the equations to solve must be 
linearized. Then, in every temporal iteration, a sub-loop is added to calculate 
the reaction rate below a fixed error. This loop is very useful in sudden 
transitions found at the beginning of the reactor or in reaction zones in which 
the kinetics constant are high. For decreasing even more the time of calculus 
the Jacobian matrix is included in the algorithm. 

 

4.3.2 KINETIC EXPLANATION 
 

The adopted simplifications in the model are catalytic decomposition at 
the beginning of the reactor and the shrinking core model as kinetic model for 
the solid-gas reaction. 

For the first one, an energy Gibbs minimization algorithm is build using an 
iterative solver for a Lagrange multipliers method explained in (Perry and 
Green 2007). The initial values used are near to the experimental values 
expected. All the elemental hydrogen found as molecular hydrogen, the CO 
concentration is equal to the elemental oxygen and the rest is near to zero. 

Once the equilibrium composition is calculated, it is introduced into the 
model as initial composition of the gases. In this way, a pseudo temporal 
interval “-1” is created in which the catalytic decomposition is total and 
instantaneous. In the same way, the supposition that the functional groups 
are not affecting the solution is implemented.  

The solid-gas reaction that is selected is the shrinking core model modified 
in order to obey the equilibrium reactions. The kinetic and the equilibrium 
term are both based on experimental results. The global kinetic constant 
depends on the external diffusion of the gases to the particle, the internal 
diffusion to the reaction zone and the chemical reaction. From these, the 
external diffusion is neglected but the others are not possible. In the 
experiments, the equilibrium compositions were displaced a value of 0.1. 
Thus, an observable equilibrium constant is used in the kinetic equation. 
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Other kinetic equations discarded were order 1 for the solid, order 1/2 
that corresponds to the shrinking model for 2 dimensions and nucleation 
model as the Avrami or Johnson-Mehl-Avrami-Kolmogorov (JMAK) model. 
Although the JMAK model fits well the previous work at 500 °C (Plou et al. 
2012), it seems not valid for our current packed bed results. 

In order to obtain rigorously the kinetic and equilibrium constants, it 
should be necessary to co-feed different compositions of the 5 gases involved 
in the reaction in a wide range of temperatures. This experimental work is 
proposed for future work. The solution carried out was the fitting of the 
packed bed results. 

 

4.3.3 MODEL VALIDATION 
 

Once the packed bed model is built and checking that there are no 
numerical problems, it is necessary to check by external results the suitability 
of the model. The experimental work used is that from P. Hamers (Hamers et 
al. 2014). Their model is validated from previous works (Smit et al. 2005; 
Noorman and van Sint Annaland 2007; Tiemersma 2010). The reaction is the 
cupper oxidation for Chemical Looping Combustion (CLC) in packed bed (r 
4.1). This work includes mass and energy balance because in the 
experimental, the evolution of the temperature profile is measure by 
thermocouples along the reactor. For the validation, only the mass balance is 
taken into account.  

2 2 2O C u C u O  (r 4.1) 

The kinetic is the same as in other works of the same group (Smit et al. 
2005; Noorman and van Sint Annaland 2007; Tiemersma 2010). For simplicity, 
the kinetic and Jacobian functions are obtained by interpolation of discrete 
points. 

In the figure 4.4 the comparison between the models is represented. The 
difference between both are minimal and the error, calculated as the time to 
achieve full conversion, is less than 5%. The sources of error are that there is a 
decreasing in the flow that is not contemplated in the own model and the 
kinetic varies according to the temperature profile along the reactor, neither 
implemented into the code.  
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Figure 4.4 – Comparison between the P. Hamers model and own model in the 
oxidation of cupper in a packed bed.  

 

4.3.4 INTEGRAL DATA FITTING 
 

Due to it is not possible to obtain the kinetic constants from the 
thermogravimetric analysis according to operating conditions in the packed 
bed, they are calculated from fitting the model and the experimental results 
with the different liquid reactants. 

In this fitting method is inherent that it is only possible to obtain one 
kinetic constant that corresponds to the most influential reaction, in this case, 
the reduction with hydrogen because is the fastest (Tokuda et al. 1973; 
Jozwiak et al. 2007). There is a limit in the reaction in which if the reaction rate 
is too fast, the mass diffusion controls the evolution of the gases instead of the 
chemical reaction because is slower. The best advantage of this method is the 
low number of experiments needed to obtain the kinetic constants because the 
thermogravimetry analyses are avoided. By this manner, it is crucial to obtain 
a good numerical resolution that lowers the errors. 

In the figure 4.5, an example is represented of how the CO ratio changes 
according to the value of the kinetic constant. The higher the reaction rate, the 
more abrupt is the transition between the equilibriums. Experimentally, the 



 

90 
 

sudden changes were found at low temperatures, so the kinetic constant 
value is expected to be higher at these temperatures. 
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Figure 4.5 – Parametric study of the effect in the kinetic constant in the 
evolution of the CO ratio in the reduction.  

In the fitting method an intermediate step was used that not affect in the 
final solution. The simulated curves of hydrogen ratio and carbon monoxide 
ratio were fitted to an accumulated normal distribution. Every kinetic 
constant from the model has associated a value of a standard deviation and 
this is compared to the standard deviation obtained in the packed bed results.  

In the figure 4.6 there is an example of the comparison between model 
data and experimental data. The first reduction (stage A) is neglected because 
only happens during the first cycle and the fitting is focused on the stage B 
and stage C. 
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Figure 4.6 – Comparison between experimental and fitted data with acetic 
acid at 700 °C. 

In the figure 4.7, the kinetic constants obtained are represented. Some of 
these values have a high uncertainty because of the low sampling frequency. 
The reaction that controls the process is the same for every reactant because 
every of them suffer the decomposition and then the reduction is done by 
hydrogen and carbon monoxide. The activation energy obtained from these 
values is negative, so it is an anti-Arrhenius behaviour. This is caused by the 
high thermal stress or sinterization that produces a decreasing in the reaction 
rate. This phenomenon is also viewed in other works (Pineau et al. 2007) 
(figure 4.8) in which the reduction with hydrogen is tested. 
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Figure 4.7 – Kinetic constants obtained for different reactants at different 
temperatures. 
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Figure 4.8 – Reaction rate in the reduction at different temperatures 
(Adapted from (Pineau et al. 2007)). 

The observable kinetic constant is affected by two effects in the reactivity 
loss: one due to the temperature and another due to the time of full 
conversion. To quantify this loss, the kinetic constants obtained in the 
oxidation are used because all of them have the same operating conditions 
and the change in the values is according to thermal stress. The loss reactivity 
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coefficient of sinterization function S(c,T) is between 0 and 1 and is calculated 
in base to the reference of 670 °C. For the obtaining of the parameters, the 
acetic acids experiments are fitted and the 10 cycles with the synthetic bio-oil 
M#4 (figure 4.9). 
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Figure 4.9 – Kinetic constants normalised depending on the temperature and 
the number of cycle.  

The function that describes the effect of the temperature is the product of 
two factors and both corresponds to exponential decay. In the temperature 
effect, a deactivation energy is associated and in the cycle a reactivity loss 
constant σ (eq 4.6). There is also a residual kinetic constant observed in 
previous works of the group (Lorente et al. 2008; Romero et al. 2012). The 
values of the function are found in the table 4.2. 
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Table 4.2 – Values for the sinterization function. 

k∞ (-) σ (-) Ed (kJ/mol) Adj-R2 
0.348±0.16 0.535±0.49 96.62±23.5 0.922 

 

where, 

k∞ : residual kinetic constant(-) 

σ : reactivity loss constant related to the number of cycle (-) 

Ed : reactivity loss activation energy (kJ/mol) 

 

  



Modelling 
 

95
 

4.3.5 PROCESS OPTIMIZATION 
 

Some solutions are proposed to increase the production capacity of the 
process: working with recycle and optimize the cycle duration of a reduction-
oxidation. Moreover, it would be necessary to study the gap found in the 
solid-gas equilibrium. If this is avoided, this 10% corresponds to a diminution 
of 35% in time of reaction. 

In the basic model is possible to obtain an estimation of the global 
conversion respect to the reactor conversion. In the figure 4.10, the reactor 
with recycle scheme is represented. After the reaction, the stream pass 
through a condenser to eliminate the water of the stream, then the reduction 
capacity of the stream is recovered partially and mix with the raw material. 
The temperature of the condenser is a conservative 33 °C in which 5% of the 
water is not removed. In the figure 4.11, the conversion and the total flow is 
represented depending on the amount recycled. At no recycle, the base case is 
a hydrogen ratio difference of 16.4%. With a recycle of 60% of the outlet 
stream, it is possible to increase the difference to the double, 31.5%, 
surpassing the thermodynamic limit (recycle equals to 45%). In the other side, 
at higher recycle, the flow increases and the reactor could be designed under 
these nominal conditions and consequently the conversion would be lower 
than the equilibrium. In conclusion, it is necessary to find the mid-point 
(optimal recirculation) in which is favoured conversion and total flow. 

 

Figure 4.10 – Reactor with recycle scheme. 

Other favourable effect with the recycle is that the amount of oxygen at the 
beginning of the reactor is increased and the carbon deposition is avoided. In 
this way the purity of the hydrogen is assured. 
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Figure 4.11 – Hydrogen ratio respect to the recycle used (black) and relative 
increasing in the total flow (red).  

In the time cycle optimization, due to the process works in dynamic 
conditions, it is possible to calculate the best time to maximise the hydrogen 
production respect to the bio-fuel fed. Considering the basic model, the 
hydrogen produced is proportional to the solid oxidised and therefore is 
constant if full conversion is supposed. The reaction time depends on the 
reactant fed, so in the reduction and in the oxidation the total flow is the 
same. The time in the reduction is calculated as the oxygen in the sample 
divided by the rate of oxygen depletion of the stream, calculated as the 
difference between the equilibriums. The maximum value reached is 3.24 g H2 
/ 100 g bio-oil  This is constant during a great extension of the conversion 
because the conversion in the reduction during the stage B is also constant 
and the oxidation time is fixed at the time needed to convert all solid to Fe3O4 
again (figure 4.12). Another variable to maximise is the lifetime of the oxygen 
carrier, so it should be as high as possible. The maximum value is 3.24 g H2 / 
100 g of bio-oil (composition equal to M#4+15) and corresponds to 95% of 
solid conversion using 87 g of Fe3O4. The time is 15% higher than the time 
obtained in the basic model (dash line in red). 
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Figure 4.12 – Optimization of the cycle time maximizing the hydrogen 
produced and the oxygen carrier lifetime.  

In the optimization of the working temperature according to the basic 
model, the target function would be the sum of the difference of ratios 
between the equilibriums. This only depends on thermodynamics and 
therefore the temperature. The higher the temperature, the higher the oxygen 
depleted from the solid and increases monotonously. As conclusion, because 
there is no optimal point, is preferable to work at high temperatures in which 
the sinterization does not affect to the reactivity loss.  
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4.4 MODELLING SUMMARY 
 

There are different types of reactor modelling according to the complexity. 
From a basic model based on stoichiometry and equilibriums to a model that 
includes mass and energy balances at reactor and particle level. In this thesis, 
the behaviour of the reactor according to a basic model and a detailed model 
is explained.  

From the basic model is taken some results as the reduction of Fe3O4 to 
metallic iron (stage B) lasts approximately 30 times more than the stage A, 
when a synthetic bio-oil is used (M#4+15). Moreover, the energy balances 
estimate the minimum adiabatic temperature in 542 °C in case of no dilution 
of solid or gas. Then, the cold spots supposition is correct and together with 
the water accumulation in the reaction zone could justify the separation from 
the solid-gas equilibrium. 

After the analysis by the basic model, a detailed model build in Matlab® 
code is used for the study of the kinetics in the reduction and the oxidation. 
The main reactions are the reduction with hydrogen and carbon monoxide. 
The model for the kinetic equation is the shrinking core model in which the 
chemical reaction is the controlling step. The sampling frequency in some 
cases are not enough for distinguish the correct model but it is the most used 
equation in bibliography. The effect of the products and the observable 
equilibrium constants are included in the equation. 

The model is validated by comparison with the work of P. Hamers 
(Hamers et al. 2014). The tested reaction is the oxidation of cupper in a reactor 
of bigger dimensions than this work. The differences found are minor and the 
error is less than 5%. The main cause is that the flow is not constant and it is 
not contemplated in the own model. 

Due to the complexity of the reaction pathway and the no possibility of 
carry out a full study of the kinetics in thermogravimetry analysis, the packed 
bed results are fitted in order to obtain the kinetic constants. An intermediate 
step is used with the intention of obtain the values easier and faster. The 
hydrogen ratio and carbon monoxide ratio is fitted by cumulative normal 
distribution in the experimental and in the simulated curves. The standard 
deviations obtained are compared and associated to the kinetic constant 
value. 



Modelling 
 

99 
 

The kinetic constants obtained do not follow an Arrhenius behaviour and 
the reaction rate decrease with the temperature. This is due to the 
sinterization or thermal stress. In general, the kinetic constant has a constant 
value along the temperature except in the acetic acid experiments, in which 
the behaviour is anti-Arrhenius. Moreover, the effect of the thermal stress 
increases with the cycles verifying that it is cumulative. 

In order to quantify the sinterization, a function was proposed from the 
oxidation results. Due to the experimental conditions are fixed, the variation 
in the kinetic constant varies according to the thermal stress suffered in the 
previous reduction. After 10 cycles is possible to see a residual reactivity of 
30% of the reference case. 

From the basic and detailed model, an optimization of the process based 
on the recirculation of part of the outlet stream after the condenser and other 
optimization in order to maximise the hydrogen production and oxygen 
carrier lifetime. In the recycle, there are two counter effects: at low 
recirculation the conversion and the total flow slightly increase, but at high 
recirculation, the total flow increases and there is a risk of the reactor being 
under nominal conditions. In the other side, the optimal cycle time 
corresponds to a conversion of 95% of the solid and the hydrogen production 
is equal to 3.24 g H2 / 100 g bio-oil fed, using 87 g of Fe3O4. This is based on a 
maximization of hydrogen production and oxygen carrier lifetime. 
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5 CONCLUSIONS AND FUTURE WORK 
 

The main conclusions according to the goals described in the first section 
are exposed here. 

 

- Obtaining of the optimal solid or mix of solids for the reduction 
stage of the SIP process, focused on the catalyst. 

The ideal solid mix should have a high load of oxygen carrier and the 
minimum amount of catalyst for the decomposition of the reactant. The most 
stable species is methane that is fed or appears from the decomposition. So 
the catalyst selected is related to the methane reforming. In this process the 
limiting reaction is the gradual dehydrogenation of methane. Nickel 
aluminate with excess of nickel oxide has been chosen as catalyst. The bulk 
nickel oxide was tested with unfavourable results due to the sinterization. 

Two types of experiments were performed: optimization of the amount of 
active phase in the catalyst on the one side, and optimization of the 
proportion of catalyst in the mixture with oxygen carrier on the other. The 
oxygen carrier had already been optimised in previous works of the group, so 
its composition was kept “as is”. The optimal load of active phase consisted of 
10 wt.% of nickel oxide over the stoichiometric nickel aluminate. The 
proportion of catalyst in the full mixture was 15 wt.%. Despite this finding, in 
the packed bed reactor, the proportion used was 10 wt.% of catalyst within 
the solid mixture due to the fact that no loss of activity was found along the 
experimental runs. 

 

- Study of the behaviour of the optimal solid in the packed bed for 
the reduction with biogas 

The synthetic biogas (mixture composed of methane and carbon dioxide) 
needs the catalyst to carry out the dry reforming of methane. Reduction step 
exhibits three stages according to the role played by the solid (mix of reactive 
solid –iron oxide- and catalyst –nickel oxide-): reduction of Fe2O3 to Fe3O4 
(stage A), followed by a reduction of Fe3O4 to metallic Fe (stage B) and finally 
the products coming from the dry reforming of methane (stage C).  Along this 
last stage “C” the former iron oxide has completely been reduced to iron, and 
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only the catalyst keeps an active role. Along the early stages of the reduction 
there is an in situ activation of the catalyst by combustion of methane by 
lattice oxygen from nickel oxide that allows metallic nickel to emerge and 
favours the above mentioned dry reforming between methane and carbon 
dioxide.  

At low temperatures, close to 600 °C, reforming does not achieve 
equilibrium conversions. In the rest of temperatures tested, the equilibrium is 
reached. In stage B, corresponding to the reduction of Fe3O4 to Fe, the 
composition of gases exiting the reactor are separated from that predicted 
theoretically.  This deviation, calculated in terms of concentration of hydrogen 
respecting concentration of hydrogen and water ratio on the one side, and 
concentration of carbon monoxide vs carbon monoxide plus carbon dioxide 
ratio on the other, separate of the theoretical values in a proportion of around 
10 %, being constant in the whole temperatures range.  

Different proportions of CH4/CO2 were also tested.   Carbon deposition 
increases at higher methane concentrations. In these cases, the shape of the 
temporal evolution curves does not change significantly, but the total lengths 
for full solid conversion decreased.  The most probable scenario is that for 
higher methane partial pressures, methane decomposes in a higher extent 
producing solid carbon and hydrogen.  This last would act as a vigorous 
reducer of the solid. 

The characterization of the carbonaceous residue was measured by Raman 
spectroscopy. The samples were selected before and after the oxidation step.  
There is no appreciable change in the structure of the carbon, verifying the 
inert role of the carbon produced along this step. 

 

- Study of the behaviour of the oxygen carrier in absence of catalyst 
for the reduction stage with alcohols as reactant 

In comparison with the rest of reactants used in this thesis, alcohols show 
a higher capacity to be totally converted into products without using any 
catalyst. Therefore, the iron oxide works both as oxygen carrier and catalyst.  

The reduction proceeds through three concatenated steps: reduction of 
Fe2O3 to Fe3O4 (stage A), then from Fe3O4 up to metallic iron (stage B).  Finally 
Stage C accounts for products coming from the decomposition of the reactant. 
The final composition is related to the gas-gas equilibrium and agrees well 
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with the theoretical at all temperatures tested. Along the solid-gas 
equilibrium (stage B), the hydrogen and carbon monoxide ratios (i.e. 
{[H2]/([H2]+[H2O]} and {[CO]/([CO]+[CO2]}) are separated from their 
corresponding theoretical values in ca. 5 %.  

In ethanol tests, reaction rate decreases at low temperatures because of the 
high amount of carbon deposited which diminishes the reactivity of the 
oxygen carrier. 

In oxidations it is observed that at high reduction temperatures, the 
average conversion of steam decreases. The sinterization effect is very 
pronounced and the iron conversion is restricted. The hydrogen produced is 
of high purity due to the inert effect of the carbonaceous residue deposited in 
the previous stage of reduction. The concentration of carbon monoxide is 
assured by the instrument to be lower than 50 ppm. 

The carbonaceous residue observed in TEM micrographs is shaped into 
carbon nanofibers of 20 and 50 nanometres. Because they are structured 
carbon, the stability is higher than the amorphous one and the purity of the 
hydrogen is verified. Structured carbon is not gasified in the oxidation 
experiments. 

 

- Study of the behaviour of the optimal solid in the reduction with 
model compounds and synthetic bio-oil 

The liquid reactants used with the catalyst were acetic acid, 
hydroxyacetone and acetone. As was the case with synthetic biogas, these 
need a catalyst for their total decomposition. 

In the case of acetic acid, the catalyst was very important because the main 
product of the thermal decomposition is methane. With the optimal solid 
mixture, it was possible reaching the usual behaviour with the three marked 
stages of the reduction of Fe2O3. The experimental points in equilibriums 
correspond to the theoretical values in the gas-gas (stage C), but in the stage 
B, the solid-gas equilibrium, the values were separated from the theoretical 
ratio in ca. 9%.  

The partial pressure of the reactant was varied from 5% to 15% and the 
values in the solid-gas equilibrium were coincident. These findings also verify 
that this gap is independent of the concentration of the reactant. In the gas-gas 
equilibrium (stage C), every initial composition has its own equilibrium 
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because it depends on the absolute amount of reactant.  They agree against 
their theoretical in all cases.  

The average conversion in oxidations decreases at higher reduction 
temperatures because of sinterization. Hydrogen produced during this step 
shows that there is an optimal hydrogen production between 700 and 750 °C.  

Thermal decomposition of hydroxyacetone (or acetol) produced a higher 
number of products than alcohols. The goal of this decomposition was 
obtaining a high concentration of hydrogen and carbon monoxide able to 
reduce the oxygen carrier. Times needed for complete reduction diminished 
respecting to other reactants because the amount of reductants generated per 
mole of reactant is higher. The three stages are repeated and verified the 
common behaviour of the solid. In a Baurn Glaessner (BG) diagram it was 
corroborated that all the experimental points agreed well with previous 
findings: for gas-gas equilibriums they were fully coincident but for the solid-
gas equilibriums, they were separated at an almost constant value of ca. 8% 
from the theoretically predicted values for each temperature tested.  

Respecting oxidations for this reactant, it was observed that the loss of 
reactivity by sinterization is patent at high temperatures. In the 
characterization it is observed the apparition of nanofibers and/or nanotubes 
with both iron and nickel crystallites guiding the filaments.  

Acetone followed the same pattern of three stages than the compounds 
described previously. The gas-gas equilibriums matched with the theoretical 
ones.  Along solid-gas equilibriums, the experimental values were separated 
away around 10% from those predicted from theory. Using different 
concentrations in the inlet stream, the effect was identical to the previous 
experiments: at higher concentration of reactant, the reaction time needed for 
complete reduction decreases. The subsequent oxidations were identical 
because sintering only depends on the temperature and not on the 
concentration of the reactant.  

In addition to the model compounds experiments, it was carried out a 
study with mixtures of the different fractions of the bio-oil. The composition 
of the synthetic bio-oil was in the range found in bibliography. The species 
selected were methanol, acetic acid, hydroxyacetone and water. A simple 
design of experiment was performed in order to minimize the number of 
experiments. The temperatures tested were 650, 750 and 850 °C and 6 
mixtures: 3 extreme points with no water, one average mix from the three 
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previous mixtures and two mixtures with extra water from the average mix. 
At low temperatures, the carbon deposited was so high that cloged the reactor 
before finishing the conversion of the solid. At higher temperatures the 
behaviour was similar because the elemental compositions of the mixtures 
were close one to each other. The separation of the experimental ratios from 
the theoretical (stage B) was around 9% in all the cases. In the mid 
temperature, 750 °C, the reactant used was the average mixture. Reaction rate 
was high in all three stages. When the water content was tested, the higher 
the concentration, the longer the reduction time. This behaviour was expected 
since water is an oxidant and decreases the reductant capacity of the gas 
stream. Therefore, the content of water in the bio-oil is preferable to be as low 
as possible.  

A high number of cycles were tested (up to 10 cycles), and the loss of 
reactivity was observed as quasi-linear with a value of 3% of loss of hydrogen 
yield per cycle. Respecting the hydrogen in the oxidations, an optimal yield 
was shown at mid temperature with the mixture M#4+15, that corresponded 
to the lowest amount of water. 

 

- Reactor modelling for reductions and oxidations and its 
dependence with operational variables 

A model has been built to explain the behaviour of reductions and 
oxidations of the SIP process in a packed bed reactor. It is based on an 
approximation by finite differences applying the Crank-Nicolson method for 
solving a system of partial derivative equations. A shrinking core model was 
selected for the kinetic equation. The model was validated from data taken 
from literature for the oxidation of cupper in the chemical looping 
combustion (CLC) process in a packed bed reactor.  

The study of kinetics was carried out by fitting of data extracted from 
experiments performed with the fixed bed reactor. A global kinetic constant 
was obtained which corresponds to limiting reaction: the reduction of solid 
with hydrogen. This is because the reactions are in parallel and consequently 
the fastest reaction is controlling the pathway. The values for kinetics 
constants decreased along the temperature, showing an anti-Arrhenius 
behaviour probably related to the sinterization process suffered by the solid 
at high temperatures. Bibliography describes the same effect attributed to the 
formation of a layer of FeO that increases the resistance to the transfer of mass 
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through the particle layers. Sinterization was modelled by a function with 
double exponential decay: one for the temperature effect and another for the 
number of cycles. A residual kinetic constant was found that equals 30% of 
the reference case. 

Once the model built and using the kinetics constants fitted from the 
experimental data, it was performed an optimization of two variables: the 
degree of recirculation and the length of the cycle. If the outlet stream is 
recycled after condensing part of the steam, the resultant stream has still a 
high reductant capacity. The calculations of the optimal values are fuzzy 
because they strongly depend on matters such as costs of the whole process. 
At high recycle rates, the global conversion was able to surpass the 
equilibrium conversion, but the total flow increased greatly and the reaction 
rate strongly decreased. In the case of cycle length, it was found that the 
optimal value, in which the hydrogen production and the lifetime of the 
oxygen carrier are maximised, corresponded to a conversion of the solid of ca. 
95%. The production was 3.24 g H2 per 100 g of bio-oil (M#4+15) using 87 g of 
Fe3O4. 
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5.1 FUTURE WORK 
 

Different works can be proposed in order to enhance the study in a near 
future: 

The kinetics proposed could enhance the accuracy and the suitable 
experiments should be carried out by thermogravimetry analysis with a 
mixture of gases close to that found for the decomposition of the reactants. 
Moreover, it is possible to extend to a higher concentration of oxidants in 
order to approach the hypothetical diffusional restrictions. The reaction 
equation would be fitted to a kinetic equation of the Langmuir-Hinshelwood-
Hougen-Watson (LHHW) type.  

Regarding fitting of data for the packed bed reactor, the operational 
variables should be varied.  For example, the spatial time and the 
concentration of reactants are crucial. Moreover, it would be mandatory a 
high sampling frequency in the analysis of gases coming out from the reactor 
in order to discern the correct model. 

The scale used is only few grams and a scaling up provides a vision closer 
to the real application. Furthermore, it would be necessary a new oxygen 
carrier based on iron with optimised amounts of dopants that provides higher 
resistance to thermal stress. Another reactant to be tested should be a real bio-
oil. Consequently the configuration of the setup should change in order to 
feed directly inside the reactor by spraying it. Another variable to test would 
be the quantity of water in the bio-oil. It is expected that this variable plays an 
essential role for avoiding carbon deposition and allows working at a higher 
number of cycles. 

Using bigger packed bed reactors, the gradients of temperature and 
concentration are increased and the model of the reactor is not enough to 
explain the behaviour of the gases. Additionally, the energy balances should 
be implemented in the code and experimentally, the temperature profile 
should be measured by thermocouples along the reactor. 

Regarding to the full process (economic scenario), usually the sink of costs 
and efficiency are the evaporation and the condensation of water. It is 
recommended to obtain a conversion close to the equilibrium in order to 
diminish the losses and the price of the hydrogen produced.  
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